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ABSTRACT
As a part of the study on eptimization of coal gasification pLOCESQCb
for the producLlon of p]pO]lnL gas, optimization - of eLlanaLion

proceqccs is perforwed

Slnce the heaL of reaction for the ‘methanation Leactlon is so.
large that heat removal (rom the reactor is the major problem in the
- process de51gn.

Various systems of catalytic fixed bed reactors are considered.;
They are. the adiabatic system, the heat extraction system, the cold
quench- system and ‘the recycle system. The size of the plant considered
is for the production of 250 x 109 b, t.u./day of pipeline gas. Three
different feed gas compoesitions likely to result from-the primary
gasification phases are treated. Only the total equ1pment cost of
the methanation processes is considered.

Prior to .the optimization of the methanation processcs, the
heat exchanger optimjzation is performed. A computer simulation of
the methanation process is then programmed based on the kinetic
inforration, the cost information and heat and material balance.
Suitable techniques of optimization for the methanation processes
are selected and the optimum conditions and designs of the various
systems are found.

The result indicates that for the low CO case, an adiabatic
reactor without internal or intermediate cooling is the most economical
syster. For the intermediate €O and high CO cases, the cold quench
system offers the mininum total equipment cost, Cost of equipments
associated with heat removal is found to occupy the major portion of the
total equipment cost.

From the operational and maintenance point of view, the recycle,
system seens to be the easiest while the heat extraction cysLCﬂ sceins
to be most diff]CU]L to control.

The cffects of tompurnrurﬂ and” pressure on the optinun design of ¢
the process are discussed.  The systom parascters which affect the
coptimum design of the precusses are identified,

Inforuation on the pethanaton catalyst is not complete particularly

the reaction rate at high CO corcentration and the temperaturc effect
on activity and durability should be further inv estigated,
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1. INTRODUCTION

The. gasification of coal to produce methane as a substitute for
a supplement to pipelinc natural gas is currently being extensively
studied under the sponsorship of the Office of Coal Research,
Department of the Interior. '

Although a variety of routes and several raw materials are being
investigated, it appears that any system for gasification of coal will
requirc additional units for conversion of excess carbon monoxide and
hydrogen to methane to achieve heating value .equivalent to natural gas.

The magnitude of methanation will vary considerably, depending
on the undecided choice of the process in the primary gasification
phases. The degree of methanation may vary from a& major operation
involving conversion of the feed gas containing a minor amount of
methane to simple gas composition clean-up.

Since it is presently impossible to predict the exact composition
of the gaseous effluent from the various primary coal gasification
processes, the compositions of the three different feeds as listed
in Table 1-1 will be considered as approximate gas mixtures.

Although CO concentration as high as 25% can be considered,
lacking actual experimental reaction rate data at such a high CO-
concentration level, it is not possible to make a reasonable assessment
of the process for this case. . Besides, for such a high CO concentration
feed, recycle system is more.than likely-to be used for excess heat
removal, some methane will be present at the reactor entrance. The
gas compositions listed .in Table 1-1 may result from the primary gasi-
fication phases now under investigation after the adjustment of the
composition by the water-gas shift reaction and purification is made.

Since the methanation reaction is a highly exothermic reaction,
the heat removal frum the reacting gas becomes the major problem
in economic optimization. Several types of methanation reactors,
such as fixed beds and fluidized beds, have been tested on pilot plant
scale.

Fluidized bed operation is found to be difficult because of
technical problems involved. Particle elutriution caused by the
breaking of catalyst pellets may become severe. lack of ruggedness
of the catalyst and the unavailability of small particle sizes
prevents good fluidization of catalysts. Therefore, three types
of fixed bed downilow catalytic reactors are considered. They are:

1. The heat extraction system.'
2. The cold quench system.
3. The recycle system,
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TABLE 1-1 FLOW RATE AND CONCENTRATILON
OF FEED AXD PRODUCT GASES

A, 950 B.t.u./SCF Gas

Low CO Case

' Feed Gas Product Gas
[1b.mole/hr.] ) [mole?] [1b.mole/hr.]) [mole%] (dry base)
CHy, 23,962.8 75.500- 25,355.1 92.100
co 1,419.9 4,474 ' 27.5 0,100
1y 5,59%4.4 17,626 1,417,.4 5.148
€Oy . 63.5 0.200 . 63.5 0,231
H,0 31.7 0.100 : 1,424.1 0.000
N, 666.5 2.100 666.5 2.421
Total 31,738.8 100.0 28,954.1 : 100.0
Intermediﬁte CO Case
Feed Gas . Product Cas
[1b.mole/hr.] [mole¥) [1b.mole/hr.]} [moleZ)(dry base)
CcHy ©21,378.8 62.100 24,115.0 92.100
co 2,762.4 8.024 26,1 0.100
Hy 9.562.3 -27.176 1,353.8 5,170
COy 68.9 0.200 68.9 0.263
Hy0 34.4 0.100 2,770.6 0.000
Ny 619.7 1.800 619.7 2.367
Total - 34,426.5 100.0 28,954.1 100.0
ngh CO Case
Fecd Gas ) . ’ Product Gas
[1b.rmole/hr.]) [mole%) {ib.mole/hr,1 ([moleZ](dry base)

cHy 16,397.5 . 41,400 21,724.3 92,100
Cco 5,350.3 13.508 23.6 0.100
5] 17,107.2 43,192 _ 1,126.9 4,777
0, 118.8 0,300 118.8 0.504
1,0 39.6 0.100 | 5,366.4 0.000
Ny o 594.1 .1.500 594.1 2.519.

~ Total 39,607.5 ' 100.0 28,95.1  100.0

e e .
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B. 900 B.t.u,/SCF Cas
TFeed Gas Prodyct Gas
[1b.rmole/hr. ] [mole%] [1b.mole/br.]  [moleZ] (dry base)
Cly, 24,632.3 75.500 .25,6063.8 87 .000
co 1,061.0 3.252 29,5 0.100
Hoy 6,149.3 18.848 3,054.,9 10,356
€O, 65.3 0.200 65.3 0.221
1,0 . 32,6 0,100 1,064,1 0.000
Ny 685.1 2,100 635.1 2.323
Total 32,625.6 100.0 30,562,7 100,0
-Intermediate CO Case
Feed Gas Product Cas
[ilb,mole/hr. ] [mole?) [1b.mole/hr.] [moleZ] (drv base)
CHy 22,004.3 62,100 24,439,8 87.000
co 2,463.6 6.953 28.1 0.100
Ho 10,221,7 28,847 2,915.2 10.377
€O, 70.9 0.200 : 70.9 0.252
Hy0 35.4 0.100 2,470,9 0.000
N, 637.8 1,800 637.8 2,271
Total 35,433.7 100,0 30,562.7 100.0
High CO Case
Feed Gas . Product Gas
[1b.nole/hr, ) [mole?] [Ah.mole/hr.]  [roles](dry base)
Cit, 16,919.1 41,400 22,071.4 87,000
co 5,177.7 12,670 25,4 0,100
Ity 17,994.1 44,030 2,537.1 10,000
0, 122.6 0.390 122,6 0,483
Hy0 40.9 0.100 5,193.2 0,000
N? 613,1 1,500 613.0 2.417
Total 40,567 .4 10,9 39,562.7: 100.9

i
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The distinguishing features among the three systems are the manners
by which heat is vemoved and the temperature is controlled in the reactors.

The goal of this study is to economically evaluate their relative
technical werits for prospective application in coal gasification
processes. To achieve this, it will require all three reactor systems
being analyzed from both the technical and economic points of view.

Each component information must be integrated by programming it into the
computer for simulation. Finally, optimum conditions must be searched by
an appropriate technique to arrive at the best economic process and design.

The following specifications and bases are chosen in this study.

1. Production rate is 250 x 109

B.t.u./day of pipeline gas.
2. The product gas should have a heating value of approxlmately'
950 B.t.u./S.C.F. or the product gas should contain
approximately 92.1% methane on a dry base.. .In .addition,
the concentration of CO must be less than 0.1%. Product

gas with heating value of 900 B.t.u./S.C.F. is also
considered.

3. Three different feeds; low CO case, intermediate CO case
and high CO case, are considered. The temperature of the
feed gas is fixed'at 100°F for comparison. However, the
effect of feed gas temperature will be discussed. The
pressure of the feed gas is varied up to 1065 psia.

4. The compositions of feed gases and corresponding product
gases are listed in Table 1-1. In additfon, the feed
gas containing 20% CO is also discussed.

Since it is presently impossible to estimate the costs of the
various feed gases which depend largely on the primary gasification
phases, only the cquipment costs are considered. However, in the
optimization study of hcat exchangers, in addition to equipment cost,
coolant water cost and steam benefit are also considered.

. After o;timization of the sub-system which involves the primary
gasification phases, purification phases and other necessary phases
including methanation phases has becen completed, the overall plant
optimization will be performed. Costs not included in the methanation
study will then be taken into consideration in the overall plant
optimization study. However, the optimization based on the equipment
costs alonc at this stage should be sufficient to pravide necessary

“information for the selection of the best system among those considered
for methanation.
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2. REACTION,KINETICS

(1) Reaction Rate Expressions for Methanation Reaction
Thé reactions taking place in the methanation process are:

1. Mecthanation Reactions:

£ CO + 3H, = CH, + H,0 _ (2-1)
COy+ 4H, = CH, + 2H,0 , : (2-2)
200+ 2H, = CH, + CO, (2-3)

2., VWater~Gas Shift Reaction:
CO + H,0 = €O, + H, : (2-4)

3. Carbon Deposition Reactions:

2€0 = € + €0, ' _ S @-s)
CO+H, =C+HO0 (2-6)
CH, = C + 2H, A (2-7)

Although reactions (2-1), (2-2), (2-3) and (2-4) must. take place to

a larger or smaller extent regardless of the feed compositions cmployed,
for a high hydrogen concentration feed, only a small amount of co,

has becn detected experimentally [1}. Therefore, reactions (2-2),

(2-3) and (2-4) may be regarded as secondary reactions.

_ Because carbon deposition reduces the catalyst activity drastically,
it is imperative that a range of temperature, pressure and feed
compositions within which no.carbon deposition takes place must be
found. These conditions will become the constraints in the optimization
of. the processes.

A number of catalysts have been investigated for methanation
reactions. The best catalyst for which kinetic data are available
seems to be Harshaw Ni-0104 T and Harshaw Ni-0116 T having an average
particle ciameter of 1/4 inch and 1/8 inch, respectively. This catalyst
contains 597 Ni, it has been shown that the catalyst behaves satisfactorily
in the temperature range from 550°F to 850°F and the pressurc range
from 14.7 to 1000 psia without any carbon deposition [15].

A quantitative kinetic rate expression of the wethanation reaction on
the Harshaw catalyst is very difficult to obtain because extensive
accuratc kinetic data are not available. Therefore, it is neccssary
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to simplify the reaction mechanism to consider only reaction (2-1). .

The experimental data obtained frowm I.G.T. [15] using Harshaw catalysts -~
can be correclated by two cmpirical equations, one for the temperature
.range at 550 to 600°F where reaction rate is controlling and another
equation for tempcrature range of 600 to 850°F where diffusion is the

rate controlling factor.

The ewpirical rate equations obtained are:

1. For temperature between 550°F and 600°F:

_ o [ 152660 4 50,7 p0.3
rCH4 = 120 exp | ,R(T+460)] PCO Psz (2-8)
: : \
2. For temperatures between 600°F and 850°F:
_ 0.7 ,0.3 (-
rCH4 = 0.0696 PCO PH.2 (2-9)

These equations are adequate for the present optimization purpose in
getting a reasonably accurate assessment of the various processes and.
subsequent study shows that the overall optimum cost of the reactor
system is not very strongly affected by the kinetic cxpresssions.

(2) Approach to Equilibfium

Although the above kinetic expressions were obtained fypm the
experimental rate data of the methane forming reactions on the Harshaw
catalyst including the runs under equilibrium hindrance, the equations
do not provide the reverse reaction term. -It would then be necessary
to assure that the rate equations are not applied to conditions too
close to the equilibrium.

The equilibrium constant based on mole fraction for the methanation
reaction expressed as )

* *
(XCH4) (“uzo) _ ,
K g = " (2-10)
X ® 3
1 ("CO) (xH) :

. 2 .
and computed from the values given by the Bureau of Standards [14], is
- plotted in Figure 2-1 with the operating pressure as the parameter,
Here, x, refers to the equilibrium mole fraction of each component.
As showfi in the figure the equilibrium constant, Kxg, is affected by the,
1 -
" pressure and very strongly by. thc temperature. The equilibrium constant
for the water gas shift rcaction expressed as
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(X*O ) (x5.) : o
- J_L;i‘z_) (2-11)

K %
(xco) € ,0

*2

is also calculated from the Bureau of Standards [14] and is plotted in
Figure 2-1. The extent of approach to the equilibrium for the methane
reaction can be evaluated by computing the mass action law ratio of
the product gases, Kx , defined as

1
(e ) (xp 4)
s B0

3

CH
Kx =
1 (_xco) (XHZ)

(2-12)

x's are tbe mole fraction of each component present in the reactor.
1t is decided arbitrarily to maintain K < Kx*/lo at all time to

1 1 .
assure the negligible reverse reaction. Whenever the above criterion
is exceeded in the reactor, the temperature of the reactor is lowered
to the point where the above condition is again satisfied. Such
provision is necessary for the high CO case particularly near the exit
of the reactor.

(3) Mass and Heat Transfer Within Catalyst Bed

Since the methanation reaction is highly exothermic and quite

rapid, it will be necessary to examine the possible temperature and
concentration difference betwcen the bulk phase of reacting gas and
the surface of the catalyst. Temperature difference between the bulk
phase and the catalyst surface can be approximated by ’

rg AH ) .

T -T, = > (2-13)

h_wd

P p
When particle-fluid radiation may be neglected, hp can be calcuylated
by [17]

d G -0.51

5o 23 s (2 (2-14)
H™CG pr - u '
A maximum temperature difference (Ts - Tb) can be calculated when
max

the maximun reaction rate is used. When the temperature difference

is too great, many undesirable phenomena may take place. A mininum
mass flow rate corresponding to an allowable tomperature difference
exists for a given rcaction rate. This becomes one of the constraints
in the reacier optimization. Experimental measurciient of temperature
differen.c on the Harshaw catalyst carriced out by I.G.T. [15] indicates
a maxinun temperaturce differcnce of approximately 11°F for the inter-
mediate (O case under conplete mixing of gas strean.

As the reaction is quite c¢rothermic, it is also necessary to check ,
the tomperaturc gradient in the catalvst particles. Tf the reaction
takes place unifoermly in the catalyst particle, the heat balance equation
in the catalyst can be written as :

i
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2 r )
d™r -, 2 dT s
R L (I (2-15)
gr2 rdr ke .
where ke, the cffecdtive thermal conductivity of the catalyst particles,

"is expréssed as

1 1

. S (2-16)

ke (1-9)k5+ekg
Using the proper boundary conditions, Equation (2-15) can be solved
for the tenperature within the catalyst pellet as,

r d 2
= 108 am 1By - 2 ' -
.T TS + 3 ( Ke A1) [(2 ) r} .(2 17)

Numerical calculation shows the largest témparature difference
in the catalysts particle to be about 30°F.

The concentration differénte between the bulk phase and at the
surface of catalyst pellets can be estimated by

r "
s
cC -C = = . (2-18)
s b k nd2 o :
£
where kf is the fluid-particle mass transfer coefficient in a packed
bed and is computed by [8] - .
JM . d G -0.41
= 1,40 [ =] (2-19)
(1_5)0.2 : u(1l-¢) ‘

Numerical calculations show no appreciable difference between the catalyst
surface concentrations and the bulk gas concentration of each component.
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3. REACTOR PERFORMANCE EQUATIONS

Flow behavior in a fixed bed usually can beé represcented either
by the dispersion model or by the cells-in-series model. '

The following material balance equations are obtained around
the n-th cell bascd on the cells—in-series model: '

n n-1 [ ]
F. =F + \% ' 3-
1 1 pc c I'CH(‘ ] ( l) ‘
-1 -
FR=F070 - VR , : S (32
F2 2 Peciion, - . -2
on oG-l o ogn -
F3 =¥y e Ve CHy, S (_3 3)
n_ . n-1 . ‘ -
F, = . . - (3-4)
n . pn-l. n ) -
Fo = Fg "'+ o, VC’FCHQ I-(3 5)
n _ n-1
Fe = Te
The heat balance equatlons around the n-th cell can be obtajined
similarly as
' n 6 p 6 1 on-1 ' n
T 1 € Fi -1 1 ey TR T = al) o vt Ty " Q- (3-7)
i=1 "1 Y. =1 i 7 ¢ ‘Y

The heat of reactlon, AH, is in B.t.u. per pound mole of CH4 formed and -
is given as
= 87787.8 + 11.87 T" - 0.00668 (T") _ (3-8)
The pressure drob across ﬁhe n—th cell can be computed based
on Ergun's equation [6]:
150(l~£)6~——) + 1.75 )
AP = T (3-9
e’/ a- a)](d /c )(gp/G %)
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4. COST INFORHATLON

The costs of equipment required in the methanation processecs
are cstiwated based on the following cquations: ’

(1) In methanation processces, heat exchangers are required to
preheat the fead gas, to cool the product gas and to cool the inter-
mediate product in the case of the cold quench systen.

The following equation-is used to estimate the heat cxc
cost based on the required heat transfer area, AO (sq.ft.) [12]:
A 0.5€

E =cC I, (850 D 1, A, > 1,000 ft

H y f .(A—l)

(2) 1In the heat extraction system, heat generated in the reactor
must be removed internally. The fin tubes may be used effectively
for this purpose by embeddiung them into the catalyst. The cost of
fin-tubes based on the bare tube heat transfer area, A (sq ft.), .
used in the computation is given as [12],

) A, 0.88 2 .
CEL = (= > 1,000 f -
Ep = C Tp [350 () ), Ay v 6-2)

(3) The cost of the Harshaw catalysts used may be expressed as [5]

?.: I . ' -
LC 2.5 kc ) (4-3)
(4) The estinated cost of high pressure reactor shell is based on
the weight of an empty reactor. The thickness of the reactor wall,
(inches), is calculated based on ASME boiler and pressure vessel
code section 8 [2] given as,

T, = PR/(S - 0.6 P) ' (4-4)

The top and the bottom of the reactor are calculated based on an
equivalent flat blank diameter nccessary to form the required dome.

The weight of the reactor, Wes is then computed by

m Th 2 T2 an h
WR = en{ [K I+ 6-) - K'D T L+ 2(—»~ )( ) } ) (4-5)
The cost of the reactor becomas
N =T 1 ’ - !— v
By = Cp Jp ¥y (4-6) .

(5) Cost of mild stecl catalyst support trays:

. - _ 3.13
Y = (o} o -
LS 0.153 1.f(n F5) -7)
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For a chrome-tvpe tray:

: 3.13 :
BEg = 0.216 1 (0 + 5) S S
The total tray cost is
Egp = N+ Eg ‘ (4-9)

(6) The cost of a control valve can vary widely depending on the
sizes and is rather difficult to estimate. An average of $4,000 per
valve is used in this estimation.

(7) Since the heat insulation cost of the reactor jis rather small,
an approximate cost of 1.5% of the total fixed cost is added as thc
insulatlon cost [3]

(8) Compressors are necded for compre551ne the feed gas or product gas if
necessary, and for recycling the product gas. The following equatlons
are used to estimate the brake horse power [11]

0.0643 ¢ P n
Bedd — P [(~9) - 1] : (4-10)
520 En .

The feed compressor cost can be computed by [4]
0.81
E .= 696 (B) . (4-11)
cp . : .

The cost of recycle compressor may be determined using the following
equations:

(1) (0.0643) q, pO "
Br = = =o30En [(;ﬁ) - 1] (4-12)
and : 0.81 .
ECR = 698 (Br) (4-13)

(9) Pumps are required to deliver the water coolant. The following
equations are used to estimate pump costs [4, 11]

For stecl-wade vater punp,

q'%ﬁh
By = 246, d00Y (4-14)
and
0.467 .
EF = 686 (LP) (4_15)

In the process optimization of the heat exchangers, water is used
for coolinz. 1he coste of treated and spent water are $0.12 per thousand
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gallon and $0.05 per thousand gallon, respectively. The prices for
400 psia steam and 35 psia steaw produced in the heat cxchangers are
$0.30 per thousand pound and $0.15 per thousand pound, respectively.
The annual capitalization charge for the equipments are calculated at
13% of the initial cost per year, as recomiended by the Office of
Coal Research, Department of the Interior.

R~ S

e
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5. PROCESS OPTIMIZATION OF HEAT EXCHANGERS

Since a large amount of heat is released in the methanation
reaction, heat removal from reactors and product gases becowme the
major problem in the optimization study. Three different types of
heat cxchangers are required in the methanation process, namely. the
prcheater, the product gas cooler and the intermediate cooler. In
this section, a process optimization of these heat exchangers is discussed.

(1) Prehecater

The feed gas must be precheated to a temperature above the reaction
initiation temperature. The feed gas preheating is accomplished by
exchanging heat between the product gas.and the feed gas.

The total annual cost for the prcheatef can be represented. by
the following equation [13] -

Cpr = AKC, '+ AE.H €. + A EHC (5-1)

okF Ao oiy’i o o' yvo

The area for heat transfer, Ao,“is a function of hi’ ho and Atm
as given by the following equation . Lo

FTAFE g . D
q UPA

1
+ =+ -

.h, h Rdw) (5-2)
o (s} ii o

" Thus Equation (5-2) may be written in terms of hi,'ho and Ao as,

‘ 3.5 4.75 ' : '
G = AOKFCAO + Aocihi HyCi + AO“OhO HyCO (5'3)
where ., and o are the préportionality coqsténts which depend on
designing condition and fluid properties.

Applying the "Lagrange ﬁultiplier method,™ Fquation (5-3) becomes
ply q

3.5 4.75 FTAtm 1 De . )
G = AKpCpotAogoihy  HyCy +ALash, ay,C, +>"[-—-c-l~— - (= + =+ R, )] (5-4)
where \' is the Lagrange multiplier; A comptLter progrém of Equation (5-4)
is already available [9]. From this computation the optiwmum overall
heat transfer coefficient is found to be about 70 B.t.u./ft.“hr.°F.
This value is used in the subsequent design calculation of the preheaters
associated with the various methanation processes.

(2) . Product Gas Cooler
Xftcr flowing thrcugh the ﬁreh¢ater, the product gas is cooled

to 100°F by three hecat exchangers. The exit product gas from.the
prehcater has the ‘tempcrature ranging b:tween 400°F and 750°F.
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400 psia steam is produced in the first heat exchanger while steam of abont
35 psia is produced in the sccond heat exchanger. The product gas

cooler is finally cooled down to 100°F by the counter-curront product

- gas cooler. The coolant water enters at a temperature of 85°F.and

leaves at 150°F. 1f the inlet gas temperaturc to the first heat ex-
changer is below 500°F, only two hcat exchangers are required.

In the first heat exchanger, treated water enters the tube side.
Approximately 50% of the water cntered is vaporized.producing high
pressure steam.  The product gas flows in the shell side providing
the main heat transfer resistance of this exchanﬂtl The shell side
film coefficient can be calculatcd by :

hD, ' DG, 0.55 c v 1/3
() = 0.36 (——-——) ¢ —ﬁ ‘ - (5-5)

Pressure drop for shell side fluid is calculated by the following
equation [10]

£62p 1
A Pe = SsH (5-6)
5. 22x1010u SR
and
: : Gg 0. 189
f=1.2x 10 (__“,) , (5-7)

If the combined pressurc drop of the three product gas coolers
is limited to 10 ps132 the corresponding maximum mass velocity is
about .100,000.1b./ft.“hr. The shell side film heat transfeE coefficient
corresponding to this mass velocity is about 110 B.t.u./ft.“hr.°F.

Since two phases exist in tube side, the inside tube_film heat
transfer coefficient wmay vary from 200 to 1000 B.t.u./ft.“°Fhr.
The overall heat transfer coeffic1oat of the first heat ehchanoer then
becomes approxiviately 85 B.t.u./ft.

Similar to the previous case treated, water is introduced into
the second heat exchanger with 50% of water being vaporized in the tube
side. The product gas is passed through the shell side which again
provides the main heat transfer resistance of this exchanger. However,
when the temperature of the product gas is reduced below 370°F, partial
condensatlon of the water takee place in the shell side. The quantity
of 'condensation depends upon the partial pressurc of water in the
product gas. :

Heat flux accompanied by stcam condensation is expresscd as

[

19 = KGMVXF (Pv - P (5-8)

Since steam coadensing on the tnbe may be regarded as simultaneous
heat and wmascs tranzfer phenosena, KG nay boe exprezsed as

KG E R . ———————— . i (5_9)

pPaeh, (“/ }1)2/3
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‘The total heat flux is a sum of the heat flux due to non- connonQ1ng
vapor and the heat {lux accompanied by the condensation. Hence,
R - t= - 7 NS > - - N - .,
‘ _ »qT ho(Tg Tc) + kdeAC(IV Pc) hc(lg : Tc) (5-10)
' Calculations using Equations (5-5) and (5-10) give the range of the
shell side film hsat transfer coefficient to be between 110 and
' 210 B.t.u./hr.ft.“°F under an allowable combined prassure drop of 10,psi.

The tube side film heat transfer coefficient is practically the
' same as that for the first heat exchanger. The overall heat transfer
! coefficient of the second heat exchanger then becomes approximately
- 90 B.t.u./ft.%hr.°F.

] In the third heat exchanger, process water is used in the tube

side and product gas is passed through the shell side. Using Equations (5-5)
and (5-10), the film coefficient of shell side fluid, which is also
affected by the partial condensation of water, is calculated to be.

between 110 to 150 B.t.u./hr.ft.2°F under the allowable pressure drop.

The tube side heat transfer coefficient is about 250 ~ 300 B.t.u./hr,ft;2°F
for this operating condition. Thus, the overall heat transfer coefficient
of the third Beat e)cnanger is calculated to be approximately

80 B.t.u./ft.“h

-~y — ——— -

In the process optimization of product gas coolers, the optimum
.temperatures of gas entering the second and the third heat exchanger
are to be found so as to minimize the total equipment and operation
costs of the three heat exchangers under the spocified temperature
Aconstra]nts. The total cost consisting o2f the ecuipment cost of the
three heat exchangers, the water cost and the steam benefit, is
expressed as

= ﬂ'EH+ (cu +c2\2) - (C W, +

, 3¥s1 * C4¥s2) (-1
The heat duties of the first, the second and the third heat
exchanger are expressed as:
' : = —] =1 1
S g = (cg L cI ) a1 (5-12)
\ .
= — : N
[ gl =" (cI Tt - H ™h + 18 G - O W (5-13)
! G N @l T P Feo :
; gt = My (cu'rI ,P Ty + 18 (7, /P W (5-14)
) The heat transfer area of the first exchanger is calculated as follows:
/V - First, the water f]nw rate through rho first exchanger is

calculated from

. ' _ 1

wel = — (5-15)
\ ) . pr(tcftc)m's'\c
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After cnterjng the first heat exchanger, the water is preheated to the
vaporization temperature. This assures a necar constant water temperature
in the tube-as long as the constant steam pressure is maintained. The
product gas temperature corresponding to the point at whlch steam starts
to vaporize can be found from,

wet - ¢
el ¢ ——— 2 (¢ - (5-16) -
m = N =T cl c

MY Cp

~I € (t -
I _ We pw  cl - < 4 c (5-17)

where 8t. ana &t ' are the log-mean temperature differences corresponding to
the liquld phase and the subsequent vaporization phase, respectively.
Next the heat transfer area of the second heat exchanger is calculated

by the same procedure as the first exchanger.

The heat transfer area of the third heat exchanger is«célculaped
as follows: .
111
Alll o 9 o (5-18),
UIIIAt3

where 2t; is the log-mean temperature difference in the third heat
exchanger. The water flow rate in the third heat exchanger is calculated
from ’
IT1
. S ' (5-19)
pr(tc3—tc)

Therefore, all terms in Equation (5-11) are expressed as the
function of the inlet gas temperaturcs of the second and third heat
exchangers. According te the numerical calculation, the optimum inlet
gas temperatures of the second and third heat exchangers are 460°F and
270°F, respectively.

It is not possible however, at this stage to estimate how much
‘process steam will be required for each of tht. various routes to be
consicdered. Tnerefore, icw costs of steam, $06.35/1,000 1bL. for 400 psi
steam and $0.15/1,000 !b. for 35 psi steam are used.
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(3) Intermediate Cooler

‘In the cold quench system with-a high CO content fced gas, the
heat gencrated in the reactor is so large that it is nccessary to cool
the reactnat to a suitable temperature to recycle them. In this
intermediate cooler, high pressurc steam (400 psia) is recovered. The
gas enters the heat exchanger at 850°F and nust leave at a temperature
higher than the reaction initiation temperature of 550°F. Since steam
benefit is the over riding factor, it is clear that the optimum outlet
temperature of the intermediate cooler must be the lowest possible
temperature of 550°F. Since the fluid properties in the intermediate
cooler are almost the same as that in the first heat exchanger of the
product gas.cooler, the overall heat transfer coefficient of this heat
exchanger may be taken to be 85 B.t.u./ft.“hr.°F. Water flow
rate, wim’ and steam rate obtained in the intermediate cooler are,

WO N - ¢A h
W, = P . P (5-20)
m pr(tcl'tc)+0'sxc

The heat transfer area .of the intermediate cooler i€ obtaintd from

W €Lty -t 0.5 _
A = By C (5-21)
moy 8tp Oty

vhere 4t, and Aty are log-mean temperature differences in the inter-
mediate cooler corresponding to the liquid phase ard the subsequent

vapor*ration phase, respectively.
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6. THE HEAT EXTRACTION SYSTLHM
(1) Process Analysis

The gaseous effluent from the primary gasification system, is fed
into the methanation system at 100°F and 1065 psia. The gas has been
preheated to 550°F, a temperaturc high enough to initiate the reaction
before it is introduced to the top of the reactor.

In the upper portion of the reactor, rcaction is carried out
adiabatically until the maximum allowable temperature of 850°F (1)

is reached. The reaction thereafter is catried out isothermally by

*. removal of the excess heat of reaction from the reactor through the

embedded fin tubes.. In the high CO case, the temperature near the
exit of the reactor is reduced to 810°F in order to -avoid equilibrium
hindrance. Heat is removed from the reactor by generating 400 psia
steam in the fin tubes.

The exit gas. pressure of the methanation process is fixed at 1015
psia. Therefore the total pressure drop, both in the reactor and in
the heat exchangers must be kept less than 50 psia. These are the
constraints in the design of the optimum reactor diameter. -

(2) cCalculation Procedure

As previously stated, in the heat extraction system the reactor
is operated adiabatically until the temperature of 850°F is reached,
after which the reactor is operated isothermally. Thus, the heat
balance around the n-th cell can be written as,

For T1 <T < 850°F

I O
O

CH4

and T. = 850°F,

n n
= (Al
Q (k) DCVC rC“a

Since the main resistance to heat flow is across the gas film
outside of the fin tubes, the resistance across the tube wall and that
due to inside film of the coolant can be neglected. The overall heat
transfer cocfficient bascd on the outside surface of the fin tube is

- approximated to be 11  b.t.u./hr.ft.2°F.

From the cquations developed, the concentration of each component,
the temperature and the pressure at.each ccll can be calculated under
the adiabatic condition from the previous cell. The calculation is
continued until the reactor teriperaturce reiches 850°F. The calculation
thereafter is repeated but under the isothermal condition until the

r

el oy 5 v e 6-1)
P, i cc

_ n n
= UOAt (T - Tw) (6-2)

e At -

e A

. A
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concentration of methane reaches 92.1% on a dry base. . Since . heat
transfer area in a single cell does not have a practical meaning, an
average heat transfer area of 40 cclls in-series which make up one
tray . length is calculated.

Since the hcat generated in-the low CO case is not very great, no
heat recmoval frem the reactor is nceessary for this case. - For the high
CO case, the heat generation rate ncar the entrance of the reactor is
so large that the catalyst are packed only partially in order to kegp

‘the gas temperature at 850°F. Also the temperature near the exit of the

reactor is reduced to 810°F to avoid equilibrium h1ndrance of the
methanation reacLion. :

The heat transfer areas of the prehcater and the product gas
cooler are calculated by the method mentioned in Section 5.

The total cost of the system can be computed from the summation
of the individual costs; preheater, product gas cooler, catalyst,
insulation, reactor, supporting tray, control valves and fin tubes
liere, 'the number of the control valves and their cost is estimated fron
the number of trays.

From the optimization point of view, the decision variables are the
reactor diameter, D, the inlet pressure, R®, and the inlet gas teu-

" perature to the reactor, I(l)}. A search technique as described ip the

next section is developed to determine these three variables by minimizing
the total equipment cost. "Since the gas temperature at the reactor

inlet should be kept as low as possible to minimize ‘the heat romoval

cost, the problewm is reduced to that involving two decision variables;

the reactor diameter and the inlet pressure.

(3) Optimum Search Techniques

In this study, the method of the steepest descent is used for the
optimizatipn study. This method starts with locating the direction of
the stecpest descent from an -initial point, then search along this
line until no further improvement can be made along this line. A new
direction of the steepest descent is located at this point and searching
is continued along the new line until no further improvement is possibie.
At this point, another new direction is found and the search continues.

For the search involving two indcpendent variables, once the
starting point is Selected the search direction can be located b
varying one variable at a time. When there are more than two variables
involved, Powell's method whieh does not require the computation of
derivatives is more conveniently employed. However, this procedure has
no way of recognizing constraints on the variables and consequently .
this method is not effective for the probl s with inequality conmstraints [7]
Computer programs were written to carry out the optimization calculations.
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(4) Results and Discussion

* The optimum precess ﬁonthLons and thé optimum equ:pmcnt c0°Ls for
“the three feeds are listed in Tables 6-1 and 6-2. ’

Since the heat gencrated in the low CO case is not very large,
no heat removal from the rcacter is necessary. The rcadtor-is -
essentially’ operated adlﬁb(Llrdl]) without interinal-heat removal
or qUCHChlhg-

Although the decision variables selected for optimization are the
reactor diameter, the inlet pressure and the fced gas temperature, the
feed gas temperature has been fixed at 550°F in actual calculation.

This is becausc the reaction is not affected by temperature significantly
after 600°F is reached probably due to the slow catalyst pore diffusion.
Hence, there is no reason to increase the inlet temperature above 600°F.

As is evident from Tables 6-~1 and 6-2, the hcat ‘exchanger costs,
particularly the preheater cost and the product gas cooler cost, are
the major items of the total equipment cost. . Any effective scheme to
reduce.the size of heat exchanger will reduce the total.cost.most .
significantly. Had the reactor been permitted to oeprate at a feed gas
temperature of 500°F, the total cost would have been reduced further.

" Each section of the reactor between the two adjacent trayé is
made up by forty cells equivalent to 40 inches of fixed bed packed
_with catalyst and fin tubes.. The fin tubes have equal heat transfer
area in each sectiom. Therefore, the temperature in the isothermal .-
portion of the reactor. is not necessarily maintained at the specified
850°F." The temperature deviation is not serious, however, with the
largest deviation of only 16°F occurring at the. final tray in the
high CO case.

T L
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TABLE 6-1 OPTIMUM PROCESS CONDITIONS

* . IN TWO DIFFERENT FLEED

FOR HEAT EXTRACTION SYSTEM

S

P ' ' Intermediate CO High €O
y Inlet temperature, °F ’ 100 100
’ Outlet temperature, °F 100 100
. Inlet pressure, psig 1,050 1,050
s Outlet pressure, psig 1,000 1,000
' Reactor diameter, ft. : C7. 8.0
; : Reactor height, ft. 15. 23.5
‘ Space velocity, hr.”1 : 1,420 1,270
i Catalyst weight, 1bs. 17,390 22,340
' Total heat transfer
} .surface area of fin tube, fe.2 31,400 94,500
Heat transfer surface
Area of precheater, f£e.2 10,320 13,520
i . Heat transfer surface 2
4 ‘ area of product gas cooler II, ft. 10,900 18,360
! Heat transfer surface area of :
: product gas cooler III, ft.2 , 20,000 21,140
i - Flow rate of 35 psia steam in
! heat exchangers, 1b./hr. 55,530 76,670
Flow rate of treated water in '
heat exchangers, 1b./hr. 111,000 153,400
Flow rate of process water in heat .
f ~exchangers, 1b./hr. ' 149,2CC 157,600
Flow rate of 400 psia steam
. in fin tubes, 1b./hr. 105,790 356,600
i Flow rate of treated water ’
; in fin tubes, 1b./hr. : 105,790 356,500
n *Based on inlet condition. (550°F, 1065 Psia)
l N .
1
[ TABLE 6~2 OPTIMUM EQUIPMENT COSTS
} IN TWO DIFFERENT FEEDS
{ FOR HEAT EXTRACTION SYSTEM
| )
Y .
. Intermediate CO High CO
. =
Catalyst, $ © 43,500 55,900
b Reactor and tray, $ 124,800 223,000
g Control valve, $ B g 20,000 28,000
\ Fin tube, § . 49,600 131,140
A Prcheater, $ _ 81,600 81,400
. Product gas cooler I, $ . 0 0
‘ Product gas cooler II, $ 84,130 112,800
' Product gas cooler IIT, $ 118,300 122,000
. Separator drum and recycling pump )
; .+ (in fin tube system), § 20,250 36,850
} Total equipment, §$ 542,180 754,240
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7. THE COLD QUENCH SYSTIM
(1) Drrocess Analysis and Calculation Procedurc

In the cold quonch system, only a simall portion of the fresh feed
is preheated and enters the top of the reactor. The remainder of the
fresh feed at relatively low teiperature enters at prescribed intervals
into the recactor in such a way that the coffluent from the preceding
bed is cooled substantially to maintain the reactor temperature below
the maximom allowable teuperature. In effect, the excess heat generated
by the reaction is absorbed into the sensible hcat of the feed gas.
1f the excess heat generated by the reaction is more than that can
be absorbed by the scnsible heat of the feed gas, it is neccssary to use
more than one reactor with provisions for intermediate cooling.
The maximum allowable temperature is again taken to be 850°F for all
cases except for the high CO case in which the exit temperature from
the last reactor is reduced to 810°F for reasons previously discussed.
The pressure drop in both the reactor and the product gas coolers is
linited to less than 50 psia.

Since the amount of heat generated by the rcaction, Q> is strongly
affected by the feed gas composition as can be seéen from

J
o= (om) £+ (7-1)
As mentioned previously, the heat generated for the low CO case is
less than the sensible heat of the reactant gas so it is not necessary
to perform cold quenching. From the heat generation as well as from
the econonics points of view, only 2ne reactor without the intermediate
coeling will be necessary for the intermediate CO case. However, for
the high CO case, three reactors with two intermediate coolers will
be needed.

1. Intermediate CO Case

A portion of the feed gas is -preheated to T(l) by the preheater
prior to entering the top of the reactor. The first cold shot of feed
is introduced to cool the reactirnz gas at a point wvhere the gas tem-
perature has reached the maximum allowable value of 850°F. Since the
reaction rate is not significantly affected by the temperature above
600°F, an cxact amount of cold quench that will bring down the gas
temperature to 600°F should be introduced.

The heat balance across the reactor can be written as

. 6 6 . 6 - .
™ cl‘, W= a-anrf s c:: F(,) + x; 1 5 c}(,l)r(i) +Q, (7-2)
1=1 “i?t 1=1 ‘i’ . i=1 i
If T(l) is knovn, )! is calculated from Equatibn (7-2). The con-

centration of ecach ‘gaseous component ‘and temperature profiles can then
bec calculated by the same method described in the heat extraction system.
The calculation is continued until the teaperaturce in the reactor
reaches 850°F. C

R W

.
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In the cold” quench system, the reactor is subdivided into a
number of sections which are separated by the cold quench point.
At each quenching point, both the flow rate of the cold quenching
gas required and the gas composition after the quenching, can be
calculated from the flow rate and the temperature of the gas before
quenching, Therefore knowing the inlet temperature, T(l), the con-
centrations of each component and the temperature distribution in
the reactor can be calculated.

- The total equipment cost for the intermediate CO case is obtained
by the summation of the individual equipment cost; préheater,

" product gas cooler, catalyst, reactor and tray, control valves and

thermal insulation. These costs are calculated from the design condltion’
of the reactor and the heat exchangers together with the cost equations
described in Section 4.

In obtaining the reactor and tray cost, the distance between the
two adjacent sections of catalyst allowed for the quenching gas to
mix with the hot gas, is taken to be 0.5 feet.

The decision variables studied in the optimization of this system
for the {ESermediate CO case are the gas temperature at the reactor
inlet, T , and the reactor diamter, D. Optimization technique used
is the same as that for the high CO case in the cold quench system.

2, High CO Case

- Since a large amount of heat is released in this case, a single

_reactor cannot accommodate the necessary conversion. Twbd process
arrangements are considered. In System I, a portion of the fresh

feed gas is preheated and enters the top of the first reactor. The

remainders of the feed are introduced at 1ntervals alcng the reactor

in order to cool the reactant gas

‘When the gas temperature in the first reactor reaches 850°F after
the final quenchlng, the reactant gas.leaves the first reactor and is
cooled by the preheater and the intermediate cooler I.

A portioh of the reactant gas then enters the top of the second
reactor. The remainder of the reactant gas is cooled by the intermediate
coolér 1L and i{s fed at intervals along the second reactor to cool
the reactant gas. After leaving the second reactor, the product gas is
cooled in the product gas coolers I, 1I and 1II to 100°F. 400 psia
steam is recovered from the intermediate cooler I and the product gas

coaler 1 and 35 psia steam is recovered by the 1nLermed1aLe cooler 11
and the product gas cooler. :

In System II, the arrangement for the first reactor is the same as
in System I. VWhen the gas temperature in the first reactor reaches
850°F after the last quenching, the reactant gas is introduced to the
intermediate cooler I and is cooled te 7(2) and fed to the second,
reactor. VWhen. the temperature in the second reactor reaches 850° F the
reactant gas leaves the second reactor znd is cooled by the 1ntcrmed:ate
cooler IT to T and thereafter enters the third reactor.

1
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As the product gas leaves the third reoactor, it is coeled by the
feed gas proeheater and subscquently by the product gas coolers 1, T1
and III to 1CO°F. Again 400 psia steam is recovered from the dntermediate:
coolers I and I1 and the product gas cooler I, vhile 35 psia steam is ‘
recovered frein the product gas cooler I1. ‘ :

A rough calculation shous that the total heat exchanger cost. for
System II is smaller than that for Systam
System IT is larger than tbat for System L. 1t also shows that the
catalyst weight for System IL is swmaller than that for System 1
because no quenching for the second and the third reactor is required.
Therefore, System 13 is seclected for.the optimization study. The
calculation procedure for the optimization of System II is as fo]]ows..-

I and the steam benefit for

:The heat balance across the third reactor can be written as -

F; - T
1

I~ o

3)

E 3)

6
£ P
i=1 Ty

c(3)1~'j(3) = Al 1-‘0 N - y(-3)-) (7-3)-

&y

(3)

If the temperature, T( , is known, the conversion, y , is calculated

from Equation (7*3).

The‘hcat balance across the second reactoy is : : -
NN LO) @) (@@ 0.3 _ (@, - N
™ 3o - a® g =AHF (T -y S )
i=1 Py 1 irl :
If the inlet temperature I( ) is known, the conversion y(z) is.calculated

from Equation (7-4).

The heat balance across the first reactor cam be written-as,-

6 6 6
J 4 | 1
™ g cy (- Ai)»TF £ cf FO 4 D) c; T L ¢
q=1 Fp 1 i=0 P31 1 i=1 “i 1 T
If the inlet te"pcraturc of the first recactor T( ) is given, the fraction

of feed gas required for ‘the first quenching, A!, is calculated by
t wejg?S and reactot sizes of three reactors

Equation (7-5). The caLa{&q
are calculaLed from X‘ )

and y

The total cqulpment cost for the high’ GO casé'is obta]ned by thc
symration of the individual equipuent costs; preheater, product gds
coolers I, TI ard TII, intermediate coolers 1 and I1, catalyst, reactors

nd heat insulation, o - :

and trays, control valves, a

In optivization of ‘System IT,

diameters arnd inlet teémperatures for the
temperatures for the first reactor should beé as low as possible,
because under this conditicn «the prehecater cost is the lowest end stedw

berefit for the product ges
of the se¢cond and the third

coocler-1-is L
reactors also

the deeision variables are the

threc reactors.: The inlet

he highest. The inlet teuperature

should be as low ag possible”

‘

(7-5)

—

S

e
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because the steaw benefits for .the interimediate coolers I and II are

the highest under this condition. Thus, the optimum inlet temperaturc
for the three reactors must be selected at 550°F. lence the optimization
problen for this case is reduced to that of searching the optimum reactor
diameters. . ' ’

(2) Results and Discussion

Table 7-1 and 7-2 show the operating conditions and the optimum
equipment costs for the cold quench system under the two different
feeds. ’ : :

The quantity of the quenching gas and the locations of the quenching
points are determined by assuming the reactant temperature before and
after quenching to be at 850°F and 600°F, respectively. The reactor
and catalyst costs calculated based on such tempgrature'constraints are

~not necessarily the true optimum values, liowever. According to

Tables 6-3 and 7-2, the catalyst cost for the cold quench system is

no more than 1.3 times that for the heat extraction system. Therefore

the cost of reactor and catalyst estimated can be considered to be
very close to the true optimum value.
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TABLE 7-1 7 OPTLMUIE PROCLSS CONDLTIONS
IN THREE DIVFFREXT TEEDS
FOR COLD QUiZNCiHl SYSTIM

e s e e e OISR

Low CO Interincediate CO High CO

Inlet temperature, °F

100 100 100

OQutlet temperaturc, °F 100 1607 100
Inlet pressure, psig 1,050 - 1,050 1,050
Outlet pressure, psig 1,000 1,000 1,000 .
First reactor diameter, ft.: 5.9 6.2 6.2
First reacter height, ft. 10.1 18.75 3.4
Second reactor diameter, ft. - - 6.6
Second reactor heizht, ft. - - 3
Third reactor diamcter, ft. _— - 7.2
Third reactor height, ft. C - - 7 8.5
Space vclocity,* hr.”1 1,890 1,680 -1,200
-Catalyst weight, 1lbs. 12,030 22,930 23,740
‘Heat transfer surface .

area of preheater, ft.2 - 9,015 2,175 . - 6,090
Heat transfer surface area of ) ) : ) ’

intermediate cooler 1, ft. - - 7,680
Heat transfer surface area o :

intermediate coolcr II, ft. - N 7,530
Heat transfer surface arvea_of ) S )

product gas cooler I, ft. e 8,480 .+ 6,075
Heat transfer surface arca Sf

product gas cooler I1, ft. 5,920 11,930 15,670
Heat transfer surface area 05

product gas cooler III, ft. 18,600 26,630 21,240

Flow rate of 400 psia steam in
intermediate cooler I and
II, 1b./hr. -~ - 336,670
Flow rate of treated water ’
in intermediate cooler I and

II, 1b./br. - -— 336,670
Flow rate of 400 psia stean

in heat exchangers, 1b./hr. - 108,100 22,000
Flow rate of 35 psia steam in

heat exchangers, 1b./hr. ' 38,450 101,000 138,130

. Flow rate of treated water

. in heat cxchangers, 1b./hr. 76,900 202,000 276,230
Flow rate of proccss water ) o

in heat exchangers, 1b./hr. 138,000 1,249,500 , 1,319,470

Bascd on inlet condition. (353°F, 1065 Psia)
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TABLE 7-2 OPTINMUM EQUIPMERT COSTS

IN THREE DIFFERENT FEEDS
FOR COLD QUENCH SYSTEM

Low CO Intermediate CO High CO
Catalyst, $ 30,000 57,300 59,350
Reactor and tray, '$ 66,100 88,270 167,400
Control valve, $ 12,000 18,000 14,000
Preheater, $ 75,510 34,000 53,490
Intermediate cooler I, $ - - 62, 270
Intermediate cooler II, § - - - 61,560
Product gas cooler I, $ —_ 73,030 - 56,360
Product gas cooler II, § 55,730 88,470 92,720
Product gas cooler III, § 109,260 118,600 110,160
Total Equipment, $ 348,600 477,670 677,320
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8. THH.ﬂECYCLH SYSTEH

(1) Proceess Analysis and Calculation Procedurce

In the reevele systen, total heat generated in the reactor is 1
absorbed by the porticen of the product gas being recycled "te absorb
the heat. :

From thc heat balance across the reactor, the folloving
equations are obtainad,

'3 r
oY 1 v
'r‘I I c;‘, F'\.‘ - T(l') L cr(,l)lfi]') = Q (8=1)
1oyt ish i ¢
and . . L . {
(1) 0 r .
}i 1i + ri . - (8 2).

1f the total amount of heat generated in the reactor, Qps 1s known, the

6 ! .
recycle flow rate I F§ is calculated from Equations (8-1) and (8=2).

iz ‘ ' . _ :
The inlet flow rate and the compositions are then calculated, The . “
reactor size and the catalyst weight for thils system are determined
from the performance equations.

. 6 . .
then the eathalpy of the inlet gas T(l) pA C(l)F(l) is larger than both
L N : ‘ '
the enthalpy of the feed gas, T L CP Fi and that of the recycle gasy
N6 N it 4 (PF) 1
T L CP ¥,, it is necessary to prehecat the feed gas to T . the

i "1 H'(I{F) . L
T to which the gas must be prehezated is calculated from

temperature
the heat balance arpund the point vhere the feed mines with the recycle
gas, according to the following equation: ‘
. - .6 6 : : '
) g c}(,Pv_l") Fg + ’].‘r\.Z_ Cp F; e gl ) (8-3) ‘
SELI | izt "4 i i :
(rr)

The size of the preheater reruired is calculated from T by the same
procedure describted in Section 5. ) {

Vhen the enthalpy of the inlet gas is smaller than that of the fee ;r)
~pas and the recycle gas, it is necesusary to cool the recycle gas to’ T Rk
The temperaturc T(“r) of the gas leaving the recycle gas cooler is caleculated
from the heat balance around the rxing point as . .

4

6 w6 ) 6 C ‘
TF X C;; 1“(,) + T(A.r) % C)S:\r) ]‘,1.' - T(l) I Cl(,l) F,(l) . ‘ B (8"‘4)
@yt TR T TR T ‘

The size of the vecyele gas cooler vroducing 400 psia stean is calculated

vl . . " . N a
fron T(”‘) Ly the sane procedure used in the intermediate coeler, The size f
of the reevels v is enlevlated based on tha pressure drop in the reactor
and the flowr vate of tte reevele gas,
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OPTINUM PROCIZSS. CONDITION
IN 750 DIFFERENT FREDS FOR
RECYCLE SYSTEM

gas

*Based on inlet condition. (550°F, 1965 Psia)

Intermediate CO High CO
Inlet temperature, °F 100 100
Outlet temperature, °F 100 100
Inlet pressure, psig 1,059 1,050
Outlet pressure, psig 1,000 1,000
Number of recactors 4 8
Reactor diameter 5.8 6.0
Reactor height, ft. 6.02 5.95
Catalyst wcighg, 1b§_1 28.039 58,730
Space velocity, hr. . 882 484
Heat transfer surface area of preheater,ft, 1,593 -
Heat transfer surfzce arca of recycle
gas cooler I, ft.2 - 6,140
Heat transfer surface area of product -
gas cooler I, ft. 8,500 10,159
Heat transfer surface area of product
gas cooler 1I, ft.2 11,775 15,630
Heat transfer surfacg area of product
gas cooler III, ft.< 19,900 21,195
‘Flow rate of treated water in heat
exchangers, 1lb./hr, . 320,000 317,939
Flow rate of spent water 1In heat
exchangers, 1b./hr, 1,236,170 1,316,149
Flow rate of 400 psia stean in heat
exchangers, 1b./hr. 108,330 178,339
Flow rate of 3> psia steam in heat
exchangers, 1b./hr. a5,339 139,670
Recycle ratio 0.7796 2,911
Flow rate of treated water in recycle )
gas cooler, lb./hr. - 147,860
Flow rate of 400 psia steam from recycle
cooler, 1b./hr. - 147,869
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TABLE 8-2 OlTIHU:! ENUTPHENT COSTS IR TWO
DIFFERENT FEEDS FOR RECYCLE
SYSTE

Intermediate CO

Righ CO

Catalyst, $ ' . 70,080

Reactor and tray, § 169,970
Valve and {low meter, $§ 43,000
Preheater, $ 28,540
Recycle gas cooler, $ 0
Product gas cooler I, § - 73,170
Product gas cooler II, & 87,840
. Product gas cocler ITI, $ 117,990
Recycling compressor, $ . 81,000
Total cquipment, § 676,590

145,830
363,569
80,000

0

60,930
80,880
102,030
122,230

. 264,000
1,201,460

o
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9, DISCUSSION
(1) Comparison of the Fquipment Costs for the Three Different Feeds
1. Heat ¥xchanger Costs

For heating and cnql{nq of the process flulds, prch raters, product
ras coolers, internediate coolers, recycle coolers and embedded fin
tuhes are usecd, Thc preheater cost for the heat extraction system is
most cxpeﬁsivb Andng the three systems considered.  This is because the
entire feed gds wust be hcatcd te the required inlet reactor temperature.
In the co]d Guonch system, only a fraction of the feed gas. is precheated

shile in the recvcle system; the preheater is not needed except for the
intermediate CO cise.

vig nbﬁOHY, éviacnt tiiat the cost of the produet gas cooler is
highest for the rccycle system and is lowest for the heat extraction
systen. For tlhie cold au;nch system, the cost of the product gas cooler
depends 1arrcly oh the fractlon of the feed gas introduced to the top
of the reactor, Xi, and is in general betveen that of the recycle system

and the heat extraction qutem. 5 to the costs of fin tubes, intecrmnediate

coolers and recycle gas coolers, they are related to the amount of heat
rermoved during the rcaction and thercfore are higher as the CO ccatent of
the feed gas is increascd.

2. Catalyst and Reactor Costs

It is readilv scen that the catalyst cost for the heat extraction
systen is the checapest and that for the recycle system is the most
expensive among the three systenq. The catalyst cost for the cold
quench system ranks in the middle of the two, leaning closely to that of
the hcat extraction system, In contrast to the lowest catalyst cost for
the heat extraction system, the reactor cost is larger than the cold
quench system because a large reactor volume is occuplod by the embedded
fin tubes, MNowever, for the high CO case vhen three reactors are needed
to acconplish the cold quenching, the reactor costs of the two systems
becomes approximately the sane, ’

The reactor cost for the recycle systen 1s the hiphest since the
catalyst volume required is the largest amoug the threc systems,

In view of the hiph reactor and the catalyst costs as well as
the hizh recvcle gas compressor cost in the reeycle svstem, this
systcnm 1s the least ecounonmical system.

Figure 9~1 shous the relation between the total equipment cost and
the concentration of CO in the feed gas. From this fipgure, it may be
concluded that the cold auench systen is the most econemical system amone
the three svstens for the intermediate CO case and the high CO case.

(2) Effeet of Temperature of the Feed Cas on Total Eauipment Cost
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In the optimization of this process, the decisien variables
considered arc the reactor diameter, the inlet and outlet tempevature
of the gas T 1 and T, and the nunber of reactors in parailed,

In the recyele system, volunetric flow rate in the reactor and,
consequently the reactor dismeter is so large, cspecially for the
high €O case, it is necessary to find the optimun number of reactors
for this case. 1In the cost estimation of this process, as the number
of recactors is increcased, $8,000 per each reactor is added as the
costs of control valves and other instrumcntation,

However, as the temperature difference between T(l) and TN
increases, the recycle gas rate is decreased, reducing the reactor
cost, catalyst cost and recycle pump cost. Therefore, the optimum
gas temperature at the reactor inlet is 550°F for each CO case and the
optimun gas temperatures at the outlet of the reactor are B850°F for the
intermediate CO case and 810°F for the high CO case, respectively.

' Consequently, the rémaining decisjon variable, the numbers of
reactors in parallel, and the reactor diameters are searched in the
optimization study of this systen,

(2) Results

Figure 8-1 and 8-2 shov the effect of the reactor diameter on
the total equipment cost with the number of reactors as parameter -for
the internediate CO case and the high CO case, respectively., From
Figure 8-1, the optimum number of reactors in parallel is scen to he
4, and the optimun recactor diameter to be 5.8 ft. for the intermediate
CO case. From Figure 8-2, the optinum number of reactor and the reactor
diareter for the high CO case are 8 and 6.0.ft., respectively. Compar-
ing Figure 8~1 with- 8-2, a considerable cffect of the number of reactors
in parallel on the total equipment cost is noted -for the cases where
larsediameter reactors are used. The differcnces between the optimum
equipment cost for onc reactor and that with optimum number of reactors
in parallel are $190,000 for the high €O case, but only $13,000 for the
intermediate CO case. "Table 8-1'and 8-2 list the optimum operating con-.
ditions and the optinum equipment costs for the recycle systems.

From Table 8-2, the reactor and catalyst costs for this system are
scen to be nost expensive among the three systems. In addition, recycle
pumps are also considerably expensive resulting ‘in the highest total
equipment cost among the three systems investigated.
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.

Although in this study the feed gas is assumed to be available
at a tceaperature of 100°F and a pressure of 1065 psia, the optimum
temperature and pressure are largely affected by the undecided choice
of the primary gasification phases and to a. lesser extent by the pas
purification phase and the water-gas shift rcaction .phase which procecds
the methanation phase. It is. thereforc necessary to study hov the feed
f,as tenperature and pressure will affect: the equipment cost and what the
optimum temperature and pressure should be as far as the meLhanatlon
process is concerned, :

Figure 9~2 shows the relation between the total equipment costs
and the feed gas temperature for the low CO case in the adiabatic
reactor and for the intermediate CO case and the high CO case in the
cold quench systems,

(3) Effect of Pressure of the Feed Gas on Total Equipment Cost for
Two Different Product Gas Heating Values :

Figure 9-3 shows the relation betveen total equipment cost and
the feed CO composition with pressures of the feed gas as parameter.
Since it is necessary to maintain the.outlet. product gas pressure above
1000 psig in order to meet pipeline transportation, the product gas must’
be compressed to this pressure‘when the gas effluent ¥rom the methanation
recactor does not.have enough pressure to meet this requirement. .The
operating pressure of the primary gasification system has the predominating
effect on the compressor requirements, comprcssor placement and the methana-
tion reactor pressure so that the mcthanation processes cannot be optimized
without the selection and co-optimization of primary gasification. However,
the compressor cost is by far the lzrgest portion of the total equipment
costs If we neglect the cost of compression, Figure 9-3 shows that the
equipnent cost decreases with pressure of the feed gas.

The product gas having the heating value of 900 B,.t.u,/SCF is believed
to be enough to meet pipeline gas qualities. Its total equipment cost
versus feed CO composition with pressure of the feed gas as paraneter is
also shown in Figure 9-3.

s) Parameter Sensitivity Analysis

In this study, the optimum conditions (decisions) are obtained
based on the specific values of system parameters which characterize
the performance (kinetic constants, heat transfer coefficient, etc.)
to minimize the total equipment cost (the obje~tive function). The’

" values of these parameters are usually obtained from the experimental

studies or from careful evaluations based on established correlations.
Often these values are somevhat inaccurate due to lack of time and funds

" required for an accurate evaluation. If the performance of the systenm
‘under the optimal conditions is significantly dependent on these para-

meters, and if these values are uncertain, the actual system performsnce
may deviate considerably from the specification. Therefore, to ensure a
better system performance, it is necessary to analyze how sensitive the
system parameters are to the objective function (total equipment cost).
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The sensitivity of a given pavaueter, 9, is defined [16] as
[(z - )/ a) /(2 ~3)F) (9-1)

The ‘result of parameter sensitivity study on the total eauipnent
cost based on the low and the higli CO cares for optimust methanation
processes is shoun ia Table 9-1., Aneng the paraveters studied, the

maxinun allovable temperature, T", is a wmoderatcly sensitive factor,
part:cu]arlv for the high €O case., This neans 1if the maximum allowable
temperature could be higher than £50°F, the total equipment cost may be

decreased, provided of coursea that the cquilibrium hindrance is avoided
by cooling the gas near the exit of the reacter.. Frem the heat removal

point of view the maximum temperature at vhich the catalyst can be onerated
without deactivation due to local sintering or carbon deposition, should
be as high as possible, lowever, high temperatures also limit the
material for coustruction of the reactor and equilibrium concentration

for nethane, Therefore, further study of catalyst reactivity, durabilicy
and regenerabilityv are required.

Since the heat transfer coefficient is directly reclated to the cost
of heat exchangers, an increase in the heat transfer coefficient will
directly decrease the total equipment cost, particularly for the low
CO case, Among the heat transfer coecfficients studied as shown in .

Table 9-1, the coefficicnt of the product gas cooler 111 seems the most
sensitive one, this is due to its large heat trausfer arca required.
Camnaratively spealing, the heat transfer coefficients are less sensitive
amony, the parameters studied,

The kinatic expression seems to be the most sensitive factor among
the parameters considered for both the low and the } igh CO casecs.

Other factors studied gave negligible sensitivities on the total
equipment cost.

(5) Uncnrtainty Analysis of Kinetic Expression

Lacking the reliable experineontal data, it is difficult to obtain
an accurate kinetic rate exoression, However, in the previous scetion,
the freaquency factor, k, and the orders of the reaction, m and n are found
to be very scasitive, therefore it becomes necessary to study how the
optimum policy changes over a ranae of uncertainty in k, m and n.

In this analysis, a range of uncertainty in the kinetic rate
expression is obtained based on the positive and the negative maxinum
deviations in the Arrhenius pleot. The orders of rcaction m and n are
varied from 0.2 to 0.4 and from 0.6 to 0.9, respectively. The optimum
reactor design as well as the totn] ecanipuent cost for various sets of
m, n and the corresponding naxica and minima values of k for the low €O
case are shoyn in Table 9-2. V

The result indicates that the ranze of uncertainty in the rate
expression can cavsn the rotal opti Wt cost to vary {ron
Q’“O ,200 vhon tha wininun rate is u""d to $257,790 vhen the
Le exnression is uzed, rate exnressicns inside tho
the cost thom, , Since the ontinum

W ——

i




e - ——

e ——————— ——

TABLE .9-1

139.

PARAMETER SENSTTIVITY ON TQTAL .I:ZQUIP‘;!I".N'I' :

COST OF oryrians

HETHANATION PROCESSES

Sensitivity

-Parameters ”
' Low CO " figh €O
UiI - -0,051
Uu'l' -0,103 -0.087
U ~0,196 -0.104
-Up =0.131 -4 ~0,051 -6
'S ~0.263 x' 10 "=0,13 x 10 °
N 0.398 x 1072 0.486 x 10~
ST -0.175 : -0.331 :
‘Tl“ - -0. 161
TO — 0,077
k* -0,155 -0,126
n ~=0,435 =0,357
- -0,764 -0,627
*Based on the rate equ#ipr’x:
r - i F-,-F,/RT p ™ ph
: CH[‘ ) _ “2 co
N




RTY STUDY OF KTUETIC RATFE EXPRESSION FOR
OPTLNUN HETHARATION PROCESSES 1IN LOY CO CASE

»Reaclztor. Diancter - Reactor leight Tntal”F.quipment
' cost, dollar

157
115

85

62 -

366,000
355,800
348,600

343,160

' 338,230°

441,200
490,200

317,940

334,579

320,360
337,720

287,900
295,100

|
|

N — s
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design is considerably affected by the kinetic rate expression, a morc
extensive investigation of the reaction kinetics and further development
of inmproved catalvst are necessary for methanation reaction, The
dependency of tlie rate equation on concentration nnd temperature should
be more firmly established:

(6) Use of Harshaw ¥i~0116T - 1/8" Catalyst

Instead of Harshaw Ni-0104T - 1/4", Harshaw N{-0116T - 1/8" catalyst

-pellet may bc used. The pressure drop across the reactor bed and the

kinetic rate expression are affected and therefore must be adjusted.
Again it is rather difficult at present to obtain an accurate rate
equation, a rough correlation is obtained. The orders of the reaction
are considercd to be the same and a value of 240 for the frequency
factor, k, is used. The optimum reactor design as well as the total
equipment costs for the low CO case for the adiabatic raactor system
and for the high CO case for the cold quench system are shown in Table
9-3.. Apparently, the reactor diameters are about the same and the
reactor heights are about halves as those when 1/4" pellets are used.
This is due to the pressure drop across thc reactor bed being twice as
big as previous case. The total equipment coet is also slightly
decreased in both cases: ¥

(7) Feed with CO Composition Nigher Than 15%
Since the experimental kinetic data are available only up to 157

of feed CO concentration, the present optinmization study is restricted
within this range. Howvever, when the feed CO cemposition, is higher

_than- 15%, rcactors with better heat removal systems must be considered.

One of the wvavs to reach better heat removal is to utilize the sprayed
catalyst on heat trausfer surface to facilitate quick removal of heat.
Also, there is the hot-gas-recycle systen in which two methanators arc
used. The bulk of the methanation, 89 to 90 percent conversion of the
feed pas, occurs in the main reactor over steel catalysts; the remainder
of the methanatfon occurs in the second reactor over a Raney nickel
catalyst. -

In order to obtain a rough estimate of the total equipmant cost for
the feed CO concentration higher than 157, a feed containing approxinmately
207 of €O is studied. Since a large amount of heat is gencrated in the
reactor, the heat extraction system is poor for the heat removal under
this condition and the cold quench systen is difficult due to the fact
that the reactor temperature quickly reaches the maximum allowable reactor
temperature causing the cold shot difficulty. Besides, the temperature
difference between the catalyst surface and the bulk gas phasc could
become excessive .due to the large reaction heat generated. The "tenner-

-ature run-away" may cause the catalyst sinterina and the carbon deposition.

A recycle svstem is therefore considered. The flow rate and composition
in both feed and product gases are listed in Table 9-4. Assuming that all
the pronerties including kinetic rate expression used in the previous
optinization study can be applicable and the exit reactor temperature is
chanzed to 799°F due to the equilibrium hi ndrance, the system is optinized
by the similar way ‘as used in the high CO case for the recvele svstemn,

"Firure 9-4 shous the effect of the reactor diameter on the total equipment

cost with the number of reactors iIn parallel as parameter. In the cost
estination, as the nuaber of reactors is increased, $3,000 per ecach reactor
is added as the costs for control valves and other instrumentation,. 1he
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TARLE =3 OPTLILYM REACTOR DESIGN AND TOTAL FOUTFHENT

COSsT T

LoY  Co

TWO DTFPERY
DIIFERENT CATALYSTS

ST FEEDS FOR THO

HIGH €O

Wi-0i06T  Hi-01167

1/3"

Ni~-0104T

1/4"

Ni-0116T
T1/8"

I'irst Reactor

Dianeter, ft 5.9 5.9
First Reactor

Height, ft 10.1 5.2
Second Reactor

Dianater, ft — -
Second Reactor

Height, ft - -
Third Reactor

Dianeter, ft - -
Third Reactor

Heisht, ft - -
Total Eauipment

Cost, $ 348,600 315,650

6.2
3.4
6.6
3.0
7.2

8.5

677,320 -

1.5
7.2
4.42

627,840

- m————



TABLE 9-4  FLOW RATES AND COXNCENTRATION OF FEE
© PRODUCT GASES 102 THE FEF) CONT
M

APPROXI™AT

- 143,

Y 207 OF €0

) AND

Yeed
[1b.mole/hir.}

Grs

[mole %]

Product Gns ° .
[molc 7} (dry base).

[1b.mole/hr.]

8,267,1
9,574.5
29,357.6
96.1
48,1
721.0

48,0644

17,200
19.920
61,080
0.200
0.100
1.500

100.0

17,822,2-
19.3
692.3
96.1
9,603,2
721.0

28,954.1

92.100
0,100
3,577
0.497
0.000
3,726

100.0
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reactor diamcter to be 5.8 feet, and the optimum reactor height is
4.75 feet. The ontimum total cquipnent cost is $1,799,780 and is
ruch larger thiau the previous caces studied.

optinun nuwber of reactors in parallel is scen to be 16, the optimum

(8) Miscellancous

In this study, only the cquipment costs are considered in the objective
function due to the difficnlty in estimating the costs of various feed
gases vhich depend greatly upon the primary gasification phases. After
the optimization of the other sub-system, such as the primary pasification
phases, purification phases and other nccessary phnases has been completed,
the overall plant optimization must then be. perforued. ’

. — -
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10, CONCLUSION

An optimization study of methanation processcs in the coal
gasification plant has been perforned. Three different feed composi-
tions, namely the low CO case, the intermediate CO case and the high
CO case have been considered. Tour different systems cmployings fixed
bed dovmflow, catalvtic rczctors have been examined. They are the
adiabatic veactor system, the heat extraction system, the cold quench
system and the recvcle system. The heat cxchanger optimization has also
been simulated duc to the fact that it occupies a major portion of the
total equipment cost. The following conclusions are drawn from the
results of the study. )

1. Owing to the extremely larpge heat of reaction, removal of
heat from the reacting gas is the major problem associated with
methanation process. The cost of equipment involved in heat removal
such as heat exchangers, etc., occupies a major portion of the total
equipnent cost, The problem of heat removal becomes more complicated
wvhen the feed gas contains a large amount of CO.

2. In the low CO case, since CO concentration in the feed gas is
less than 4,.6%, an adiabatic reactor system is sufficient to achieve
a product gas equivalent to the pipeline gas quality. The consideration
of other systems is unnccessary. The adiabatic reactor system then
becones the optimumn system for the low CO case. E

. In the intermediate and high CO cases, since CO concentration in the
feed gas 1is over 4.6%, some devices for removal of the heat are needed.
Among three systems considered, the cold quench system offers the least
total equipment cost followed by the heat extraction system. The recycle
system is by far the most expensive system,

The above 2nalysis is based on the feed gas temperature of 100°F,
the inlet reactor temperature of 550°F and the maximum reactor temperature
of 850°F. '

3. Among three systems considered in the intermediate and high
CO cases, from the total equipment cost point of view, the heat
extraction system is not too far away from the cold quench system, but
from the maintenance and operational points of vicw, the heat extraction
system is not easy to control durine the operation and may become unstable
when small disturbances in the operating conditions are present.

The recycle system on the other hand may be most costly, but is
easiest to control, particularly when the CO concentration in the feed gas

15 high and vhen the gas distribution through the catalyst bed is not
uniform.

4, The total equipment cost is also affected by the feed gas
temperature and pressure. There is an optimum fecd temperature for a
given concentration. The optinum feed gas temperature for the low CO
case is 200°F, for the intermediate CO case is 250°F and for the high
CO case is 30N°F., Since the smaller volunctric flow rate would sienifi-
cantly reduce the cost of the compressor, the gas should be compressed
to meet the pipeline pas specifications after the methanation process
and the feed pressure to the methanation process‘should be as low as
possible.
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5. The minimws total couipnest costs for the mothanation proccsses
348.6 x 103 for tha Jouw €O cass cuployine the' adiabatie reactor
intermadiate (O case and $677,32 x 163
loving the cold quench svsten,

s}q vem, S$477.67 x 103 for tl
high €U sce both

6. Sowﬁi dvirr analvsis of the systen paraneters shows that the
accuracy of the : L TRLe cc“"1 and the orders of reaction would
have sone c¢ffents on the total ¢ 2nt east,  Alzo the maxirum
allovable temnoraty dous hav ecrate  effect on total equipnont
cost. The heat transfer cocfficients are comparatively less sensitive.

7. Uncertainty suudy of the itineric rate exrression demonstrates
how the optirunm rezctor design and the total equipnent cost change over
the ranses of uncertainty in the frequency factor, k and the orders of
the rcaction; m and n. The reosult indicates that the kinetie race
expression greatly affects the optinum desisn of the processes and a
nmore ecxtensive study of the methanation reaction kineties is needed.

8. Instead of Harshaw Ni-0104T - 1/4" catalyst, Harshaw Ni-0116T - 1/8"
catalvs st pecllets are used to optimize the processes by adjusting the kinetic
rate expression and using the same operation conditions. The result shows

_that the pressure drop across the reactor bed causes the reactor height to
reduce to onc half of the previous cases, The ontimum reactor diameter is

. 9. Since the experimental Linetie data are available only un te
15" of feed CO concentration, the present ontimization study is

estricted vithin this range. If the feed €O composition is higher than
152, reactors with better heat removal systems, such as utilizing the
spraved catalyst on the heat transfer surface to facilitate the quick
resmoval of heat and the hot-gas-recycle system should be considered.

Assumine that the kinetic rate expression used in this study is
applicable, the recyele systen is optimized enploving a feed containing
apprexinately 23% of €0, The optinum nutber of reactors in paralle) is
found to be 16, the ontimun reactor diameter of 5.8 feet, and the optimum
reacter heieit of 4,75 feet and the ovtinum total equipnent cost of
$1,799,780 are obtained from the results.

B "N ——
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NOMEXCLATURE

heat transfer area

"total heat transfer area of fin tube in n-th cell.

heat transfer area of first, second and third

product gas cooler, respectively

bare tube heat transfoer area oif tin tube

brake. horse power
brake horse power of recycle compressor
baffle spacing

installed cost of heat exchanger per unit heat

‘transfer zrea based on outside

concentration of product gas in bulk of gas phasc

cost for supplying one ft.-lb,force to pump fluid
flowing through inside of tubes

height of a unit cell

cost for supplying 1 ft.~1lb.force to pump fluid
flow1ng through shell side

heat capacity of gases

mg}?r heat capacity of i-th component at temperature
T .

heat cepacity of prbduct gas at temperature T(I)
heat capacity of water

cost per pound of material used for construction
of reactor-shell

concentration of product gas at surface of catalyst

total annual variable cost
cost year index
inside diameter of reactor

equivalcnt diameter for heat transfer tube

1n51de dizmater of tute

(£t.9)
(£t.2)

(ft,z)
(ft.“)
(HP) -

(HP)
(£t.)

(8/1.2)

(1b.mole/ft. )

(§/ft.~1b.force)

'(ft )

($/ft.1b. force)

(B.t.u./1b.°F)

(B.tou./
1b.mole®F)

(Botou./1b.°F)
(B.t.u./lb.°F)
(8/1v.)

(1b.mole/ft.>)
($/years)
(--)

(ft.)

(ft.)

(£t.)
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ingid:s shell dicmeter of hcat exchanger

. digmeter of catslyst particle

efficieney of longitudinagl joints or mechanical
efficiency

catalyel cost

cenpresnsor cost

recycle compressor cost

‘embecded fin tube cost .

heat. exchangcer cost

power loss inside tube par unit of outside tube area
pover loss outside tube per unit of outside tube area

reactor cost

cost of unit tray

total equjpmaﬁt cost

molay fiow rate of CHh at n-th cell
molar flow rate of CO at n-th cell
molar flow rate of H2 2t n-th cell

molar flow rate of CQ2 at n-th cell
molar flow rate of H20 at n-th cell
rolar flow rate of N, at n-th cell
total rolar flow rate of feed gas

molar flow rate of i-th corponent in feed, product
ard recycle gas, respectively

molar flow rate of i-ix corponznt at inlet of sceond
and third reactor, respectively

flat blank diarcter of top arnd tottom of donzs of
reactor '

(ft.)

(ft.)

(%)
(%)
($)
(%)
(§)

(ft.~1b.force/
hr.ft.2)

({t.-1b,force/
hr.ft.2)

(%)

(8/unit tray)

(%)
(1bemole/hr,)
(1bemole/ny.)
(1b.mole/hr.)
(1b.mole/hr. )
(lb.molé/hr.)
(lb.moic/hr.)
(1b.mole/nr.)

(1b.mole/nr.)
(1bomnle/nr.)

(rt.)

o AN e
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correction factor on At

superficial mass velocity

shellside mass velocity
heat of reaction

hours of operation per year

hydraulic head

inside film heat transfer coefficient of tube

outside film heat transfer coefficienf of tube
fluid-particles heat transfer ¢oe£ficient

cost factor

heat transfer factor

mass-transfer factor '

ratio of specific heats

chermal conductivity of fluid

diffusion coefficient

annual fixed charges

mass transfer coefficient

equilibrium constant of methanation reaction

equilibrium constant of shift reaction

)y
©(Ibe/ftePhr.)

' (1b9/ft.3ﬁr;)
(Bot.u./1b.mole cﬁﬁ)
‘(hf-/year)
| (£4.H,0) |
(Botoua/£b. 2, F) -
(Bytou./Tt.2hr. °F)
(B.i.u./ft;ehy.°F):‘
(=)
(=)
(o
(Botou./ft.hr.°F)
(£t.2/nr.)
(=)
(1bsmole/hr.ft.2atm. ) -
(-=)
(=)

mass action law ratio of product gas in methanation (~<)

reaction

effective thermal conductivity of catalyst particles (Bet.u./ft.hr.°F)

fluid—pérticle mass transfer coefficient
thermal conductivity of gas

thermal conductivity of catalyst

length of reactor |

length of he2at exchanger

(ft./pr.)
(B.tou./ftohr, °F)
(B.t.u./rt.hr.°£)

)

(ft.)
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¥ averaze rolecular weignt of procduct gas (1b./1basole)
M -mean.mdiecular weight ofAfluid L (1be/1b.n0le)
Hv" ‘molecular veight of stesm o - (1be/Lbamole)
N rumber of trays (=)
C Np ;-Pra.n,d"rrl runhor : , C(--)
P - design pressure K ] SR (psig)
AP .pressure drop per unit cell . : (1b./14:°)
Pa . pressure at suction to compressor . © (atm.) : f
Py pressure at dischargs from compressor. (atm. ) .
fé-: 'partial.pressure of stean at surface of tube L (atm.) ‘
P logarithmic-mean pressure difference of non-condensing (atm.)
gf  gae v ) | ((
pN outlet pressare of reactor (atm,) e
PO inlét ‘pressure of reactor o {atm.) ‘
AP.s shell side pressure drop in heat.exchanger S i (psi) « i
Pv partizl pressure of steom at bulk fluid o ' (atn.)
P£I ‘vapor pressure of water at temperature pIT . (atm.) {
’ P, partial pressure of stezn in ‘product gas (atm.)
- Poo ' partial pressure of €O ’ (atm.)
PH2 partial pressure of Hy = - (atm.)
Q, total arourt of heat generated in reaétor (B.t.u./nr.)
Qn amount of heat removed from n-th cell - : (B.tous/hr,) ‘
Q  totel icat tvinsfer rate in hcat‘cxchangers (B.t.u./nr.)
qI,qII;qIII " heat duticé of first,‘éecéna and third prodﬁctA © (Bet.u./nr.) ’
. pas coolers, recpactively | - '
q' . voluietric flow rate : . . (pz)./1in.)
qcu‘ hea?.flu; accoﬁp:nﬁfd with condonsation L (B.t.u./h?.fi.z) . ‘
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volurme of gas compressed

recycle gas flow rate

resistance to heat flow due to scaling

distg:ce from center of catalyst particle

reaction rate per unit catalyst particle
reaction rate

maxinum allowable stress

specific gravity

"temperature

inlet temperatures of first, secend and third
reactor, respectively

outlet gas temperature from first ahd sécondi
product gas cooler, respectively

outlet gas temperature from intermediate cooler
exit temperafure of final reactor for high CO case
feed gas temperature

exit gas terperature of reactor

gas termperature 1ea#ing Tecycle gas cooler

temperature at n-th cell

outlet product gas temperature frc. preheater

outlet fezd gas temperature from prehcater for
recycle system

temperature at suction to corpressor

Cbulk gas terperature in reactor

thickness of resctor

(S+C.F./1iin. )

(8.C.F./min. )

(ft. h1,°F/b fov, )
(£t.)

(1b.mole CH, /
hr.unit calalyst)

(1b.mole CHi/ .
hralb. catafrsb)

Cen
(°F)
(°F)
(°F)
(°F)

| (°F)

(°F)

(°F\>

(°F)
v ( oF)
(8n.)
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surface teauncrature of catalyst particles

outlet coolant temperature of first, and
third product gas coolers, respectively

inlet water temperature of first product gas cooler

temperature of treated or Spent water

“*logarithmic-mean temperature difference

"pverdll'heat transfer coefficients of first, sccond

and third product gas coolers, respectively

i overall heat transfer coefficient of fin tubes
"overall heat transfer coefficient of preheater
_catalyst volume per unit cell

molar flow rate of product gas

flowv rate of treated and process water in product gas
coolers, resvectively Co

the water flow rate chrougﬁ the first exchanger
catalyst weight .

mass flov rate of feed gas

weisht of reactor tube

flow rate of Aﬂonpsia stean and 35 psia stean in
product gas cooler, respectively

equilibrium mole fraction ofAC!I'4

equilibrium mole
equilibrium molé
equilibrium mole
equilibrium mole
mole fgactibn'of
mole ffactioﬁ of

mole fraction of

mole fraction of

fraction
fraction
fraction

fraction

of H20

of CO

1
of ‘T

of CO

2

CH4 in product gas

HZO in product'gqs

CO in product gas

Hz in product gas

(B.t.u./fr.zhr.°F)

(B.t.u./ft.zhr.°F)

(ft.3)
_(lb.mole/hr.)

(1b,/hr.)

(1b./hr.)
b.)
(1b. /hr.) J
i
(1b.)

(1b,/hr.)
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Y

(2)

s Y

3)

Y
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conversion of CO tO'CHA at inlet of second and
third reactor

total conversion of CO to CHA
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Greeck Letters

a, @

B,B

n

objective function and thab ob optimwn, respectively

system parameter subject to variation and a specific
value of syrstem paramcters, respectively

‘void fraction of reactor

internal porosity of catalyst

Lagrange m1itip1ier

fraction of feed gas passing through preheater
heat of condensation for steam

gas viscosity .

gas density

catalyst density

density of reactor shell

density of cooling water

sensitivity defined as [a - a/2] / [8 - B/B)"
cost. factor

(r-1)/%

(B.touo./1b.)

(1b./ft.hr)
(1b,/it.3)

(lb./ftOB)

(1b./ft.2).
(1b./1t.3)

0




10.

11.

12.

13.

14,

15.

16,

17.

155,
LITERATURE

Akers, ¥, Y. and White, R. R., Chem., Engr. Progr, L4y 553-566 (1948),

ASHE Beoiler and Pressure Vessel Code, Section VIII, Unfired
Pressure Vessels, The American Society of Mechanical Enpiincers,
New York, 1956,

Bauman, H. C., "Fundamentals of Cost Fngincering in the Chemical
Industry," Reinhold, New York, 1964,

Chilton, C., "Cost Engineering in the Procdss Industries,"
McGraw Hill, New York, p. 50, 1960.

Communication, Narshaw Chemical Co., Cleveland,.0hio, July, 1967,
Frgun, S,, Chem. Eng. Progr., 48, 89 (1952).

Fan, L, T., lee, E. S, and Erickson, I.. E., "Proceedings of the
MASUA Conference on Modern Optimization Teclhniques and their
Application 1In FEneineering Design," Part IT, The Mid-America
State Universities Association, 19066.

Gamson, B, W., Chem. Eng. Progr., 47, 19 (1951).

Jones, P. R. and Katell, S.; “Computer Usage for ﬁValuation~of
Design Tarameters and Cost of leat Exchansgers with No Change in
Phase and Pumping Costs of Both Fluids as Prime Paramcters,”

IC Burcau of Mines Information Circular 8334, 1967,

Kern, D. Q., "Process Heat Transfer," MMeGraw Hill, MNew Yorl, 1950,

McCabe, W. L. and Smith, J. Ci, "Unit Operations of Chemical
Engineering," lcGraw Hill, Yew York, 1956,

Page, J. S., "Fstimator's Manual of Equipaent and Installation
Costs," Gulf, Houston, 1963.

Peters, M. Y., "Plant Design and Lcononics for Chemical Enginecers,"
McGraw Hill, MNew Yorl, 1958,

Rossini, ¥, D., et al,, "Selectcd Values of Properties of
Hydrocarbons," U.S. Department of Commerce, National Bureau

of Standards, VWashinaton, D, C., 1947,

Tajbl, D. G., Yeldkirchner, . L. and lee, A, L., "Fuel Gasification,"
Ed. R. F. Gould, ACS, wWashington, D. C.; v. 166, 1967,

t‘en, C. Y, and Chanz, 7. ., Ind; FEng., Chen. Process Desian
Develop. 7, 49 (1968)., :

Wilke, C. R. and Pouvgen, 0, D,, Trans, A. I. Ch, E. 41, 445 (1249).




156,

ACKNOUVLEDGHERT

The financial support of the O0ffice of Coal Rescarch, Department
of the Interiov, Yashington, D. C. is acknowledged.




. : ' * * » *
EQUILIBRIUM oozmﬁ»z._... xnoN. xxm\xoo. x_._mo

o - °
. (o} O )
e . e . 2
| JLILINE I B T TTrrrr 1 1 1 =
< .
*
p —
o
x :
- -—
w )
= X
L. 4 ©
a -
m
o~ A —~ %o
w x
-
>
O O I B B [N | ] 1O T T T B 0
© ' : N © . 0
[ e ° =3
2, . 2 v .
g Hx-09x \o Hx -"HIx ‘INVISNOD WNI¥BITIND3




MILLION DOLLARS

TOTAL EQUIPMENT COST,

158.

0.GC

070

PAREMETER , BULISER OF
' REACTORS

0.65L——

FIGRD €-1 1
i

G

STAL 2 ULTILLT OO

LNYAALD

e 10

<

- PO J

— e e e o e




i

r
A

TOTAL EQUIPH

NT COST, MILLION DOLLARS

159.

a ’ :
) FPARALIETER, NUMBER OF

REAGTOR
1.3

4 6 8 i0 12
REAGTOR DIAMETER, ft

I70RY O-2 TOTAL ZUUILR
FREIAE IRVY




TOTAL EQUIPMENT COST, MILLION DOLLARS

1.0

0.5

160, .

1.5

|
i
b
—-— RECYCLE SYSTEM ‘
HEAT EXTRACTION |
, SYSTENM :
————— COLD QUENCH |
SYSTEMN j
1 1 1 1 !
3 6 9 12 15 -
CONCENTRATION OF GO I FEED, molc % '
. | “
FIGURS S=-1 2% CoST i’
C. Z50 GAD R . {




“TOTAL EQUIPMENT COST,

MILLION DOLLARS

0.3

161,

0.7¢
0.6

0.5

0.4

HIGH CO

INTERMEDIATE GO

Low CO

0.2

1 1 N | 1

F

100 150 200 250 300

FEED TEMPERATURE, °F

IQR: 9-2 TOTAL EQUIFMEY
il TO4 CO Ci8a AN
L QUINCT 3YSTE

YIRIUS FEID TEHFERATURE
% TH0 CL33S FOR COLD




TOTAL EQUIPMENT COST,

0.7

- 0.6

MILLION DOLLARS

0.3

- 0.2

162.

0.5

0.4

' '/ H.V., B.tu/SCF.
/ 950

——900

PARAMETER, FEED
PRESSURE, PSIA

1 1 A i

5 10 15 20

CONCENTRATION OF CO IN FEED, mole %




163,

w.
o
c ,
- .81}
3
(o)
o
=z
o)
3
2
=
P
o IL8or
o
[
-
w
= o .
& ' PARAMETER, - NUMBER OF
8 REACTORS
o L7k
<
[
(o]
[
1 1 1 L Ll '

5.0 54 58 6.2

' REACTOR' DIAMETER | ft

COST V-asUS
T 20 FIRS

FIZuas 9-L TOTAL =0
FOR 2D




