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Introduction

—_—

The commercial production of liquid and gaseous fuels derived from coal and oil
shale is currently hindered by a variety of complex and interacting factors., Conver-
sion processes are highly capital-intensive, and their products are at best estimated
to be only marginally competitive with landed world crude oil and imported ING at
current prices, Added to this is a multitude of constraining factors, such as re-
source availability, protection of the environment, sociopolitical considerations,
marketplace logistics, financing, the potential effects of competing new technology,
and the possibility of wider availability of international supplies of lower-cost
crude o0il and natural gas.

Strongly countering this situation is a growing realization of the long-term
need for supplemental supplies of gaseous and liquid hydrocarbons as we enter an era
in which depletion of conventional resources is a worldwide concern, Although re-
covery and conversion will be costly, the United States has substantial reserves of
coal and oil shale that can provide supplemental fuels. This situation, together
with a national goal of reducing dependence on o0il and gas imports, will lead to in-
creasing pressure for the commercialization of synthetic fuels,

This paper presents summary comparative economics estimated for synthetic fuels
from coal and o0il shale and focuses on some of the important financial considerations
associated with the commercialization of synthetic fuels, Some of the pertinent
conclusions are:

o Upgraded shale oil liquids are estimated to be less expensive than
coal-derived liquids and can be marginally competitive with imported
crude oil.

e Based on recent field pilot work, speculative economics look attrac-
tive for low-Btu gas by underground gasification of coal. Large-scale
demonstration appears desirable.

¢ A financing mechanism sheltered from excessive risk will probably be

necessary to encourage commercial synthetic fuels ventures.

The summary economics presented are derived from a variety of studies recently per-
formed at SRI involving the comparative evaluation of synthetic fuels from coal and
oil shale.

Status of Technology

Considerable research and development activity in the United States has recently
been devoted to the conversion of solid fossil fuels into the more desirable energy
forms--clean gases and liquids. This is far from a new concept, Coal has been
gasified to produce town gas, synthesis gas, or reducing gas on a worldwide scale
since early in the 19th century, Underground coal gasification (UCG) has been com-
mercially practiced in the USSR since around 1940, Coal liquids have been recovered
from the pyrolytic coking operations associated with steel manufacturing since early
in the industrial revolution. More recently, during World War II, conversion of
coal to liquid fuels reached a production level of approximately 100,000 barrels per
day in Germany; and coal liquefaction is currently practiced commercially on large



scale in South Africa, However, most of this recent production of liquids was, and
continues to be, by Fischer-Tropsch synthesis from coal-derived gases (CO + Hp), 1In
Estonia, recovery of liquids from oil shale began commercially in the mid-1930s,
Since that time, developmental scale oil shale retorts have been operated in several
countries including the United States, Brazil, and China,

Two notable coal gasification systems that are actively marketed throughout the
world and commercialized in several countries are the familiar Lurgi fixed-bed gasi-
fier and the Koppers-Totzek entrained gasifier, Other gasification systems marketed
commercially are: Winkler, McDowell-Wellman, Woodhall-Duckham, Riley-Morgan, and
Wilputte,

Coal conversion systems at or nearing large-scale development in the United
States or with direct U.S. involvement are listed in Table 1, Also shown are oil
shale retorting systems that have been developed on a large scale in the United
States and have been indicated for use in potential commercial ventures. Of the coal
conversion systems listed, the Lurgi gasifier, as previously mentioned, has already
been widely commercialized for synthesis gas and town gas. It is mentioned here as
a developing system because of its potential extension to production of SNG or fuel
gas, in modified form to permit gasification of caking coals, and for close coupling
with electric power generating systems.

In addition to the developmental oil shale retorting systems listed in Table 1,
large-scale projects are also currently active in Brazil (Petrosix process) and in
Estonia (the Soviet-developed Galoter process), Plans have been announced (1), (2)
in those countries to build commercial-scale plants using the two processes,

Three of the developmental coal conversion processes mentioned--BG-Lurgi slag-
ging, COGAS, and Coalcon--have been chosen by the U.S. Energy Research and Development
Administration (ERDA) at this time for more detailed study to determine suitability
for ERDA/industry jointly sponsored large commercial-scale demonstration. Evaluation
of the first two systems for SNG continues while the future of the Coalcon "Clean
Boiler Fuel” demonstration program is now in considerable doubt, 1In addition, ERDA
and a variety of industrial organizations are supporting the thrust toward demonstra-
tion of low- or intermediate-BTU gas (LBG/IBG) systems with the "Combined Cycle Test
Facility" and ERDA's "Gasifiers in Industry Program,’ which is aimed at the small
and medium sized user, and their "Hydrogen from (Coal Program.'

Economic Analysis

Cost is normally the overriding consideration in bringing a new technology into
the marketplace. In this regard, the most visible competition in the United States
for gaseous and liquid fuels from coal and oil shale (unless there are significant
new finds of oil and gas in North America) is imported world crude oil which is cur-
rently landed at $13 to $15 per barrel ($2.20 to $2.50 per million Btu) and imported
ING which will be somewhat more expensive, Additional competition for the use of
synthetic fuels includes direct firing of coal for power gemeration or industrial heat
(with or without flue gas desulfurization), and eventually natural gas transported
from northern Alaska or the Canadian frontier.

Most of the conversion processes listed in Table 1 have been technically and
economically evaluated by SRI in the course of a variety of recent project work. Sum-
mary process cost ranges are presented in Table 2, Capital costs are presented in
terms of dollars of plant investment per daily production output in barrels of oil
equivalent., Product costs are compared both on the basis of U.,S. regulated utility
economics (cost of service/rate base) and the discounted cash flow (DCF) rate of re-
turn analysis commonly used for commercial ventures, Resulting annual capital charge
rates are 29 to 32 percent for the 15 percent DCF rate of return cases and 15 to 17
percent for the regulated utility analysis. All costs are in terms of mid-1977 con-
stant dollars,




.

N = = . ~ - . - . . . N — o . - _
- - - - - - - ‘ - - ’- . - ] f-‘. ’-\

With the highly debt-leveraged and relatively financially sheltered regulated
utility analysis, estimated process costs vary from $1,50 per million Btu for the
speculative economics associated with low-Btu gas from underground coal gasification
to $5.00 per million Btu for methanol from coal by near-term commercial technology.
These costs increase to $2,00 and $7,25 per million, respectively, for a 100 percent
equity DCF analysis yielding a 15 percent rate of return, On the same DCF basis,
costs for synthetic crude oil from oil shale are in the range of $2,75 to $3.50 per
million Btu ($16 to $21/barrel) for developing retorting and upgrading systems, The
regulated utility analysis results in costs 25 to 30 percent lower than those for the
DCF analysis, Product costs shown in Table 2 are compared and discussed in more de-
tail later in the paper.

A few caveats concerning the development of these costs are clearly in order,
The coal costs specified are intended to represent a mine-mouth conversion plant loca-
tion and therefore do not include coal transportation charges. Furthermore, the costs
presented in Table 2 are battery limits process costs and do not include specific
site-related charges that can be significant, depending on the remoteness of location,
Some of these potentially important site-related factors are: water development proj-
ects (including pipeline and storage); mine to conversion-plant railroads; power trans-
mission lines; access roads; product pipelines; extensive enviroanmental analysis; and
townsite development activities.

These, together with other potential site-specific requirements, could easily in-
crease capital investment by 10 to 20 percent and could add $2,00 to $3.00 per barrel
($0.35 to $0,50 per million Btu) or more to product cost for a synthetic fuels venture
in a remote location, Product cost ranges, based on Table 2, but including provision
for such site-specific costs, are compared in Figure 1. Excessive delay in attaining
design capacity and plant modifications during start-up of new technology are other
factors that will add significantly to costs for first-of-a-kind plants, Over the
life of the project, these items could easily contribute additional product costs in
the range of $1.00 to $3,00 per barrel ($0,20 to $0.50 per million Btu). The costs
summarized in Figure 1 do not include contingency for pioneer plants,

There is some hope of process "learning curve'" cost reduction over near-term
technology with the evolutionary development of advanced technologies. Development
of processes that eliminate or combine process steps could potentially lead to sig-
nificantly lower product costs. An example in the case of SNG could be a system
successfully combining process steps such as gasification, shift conversion, and per-
haps reducing the gas cleanup and methanation requirements, or eliminating the need
for an oxygen plant. Such processes will undoubtedly contribute additional costs of
their own, but significant potential exists for lower overall costs, 1In the case of
LBG/IBG, lower costs could potentially result from successful development of a gasi-
fier using a sulfur acceptor or combined with some other type of hot gas cleanup sys-
tem, The lower cost ranges in Table 2 and Figure 1 represent such advanced or inno-
vative processes, Without such development, it is doubtful that cost reductions of
greater than about 10 percent will be possible with foreseeable conversion technology,
since such systems will probably be composed primarily of plant sections based on
already commercial or near-commercial technology.

Qutlook for Commercialization

Clearly, the considerations concerning commercialization will vary somewhat for
SNG from coal, LBG/IBG from coal, coal liquids, and oil shale. In view of the status
of technology, the economics of production, and other factors, what are the prospects
for commercialization? The following progrnosis is offered,



SNG from Coal: The estimated cost of SNG from western U.S. subbituminous
coal using conventional Lurgi gasification technology in a coalfield location
is estimated to be $3.75 to $4.25 per million Btu (coal at $7 per ton), which
is clearly not competitive directly with natural gas marketed either on an
interstate or intrastate basis. However, a massive and intricate distribu-
tion system exists for transmitting energy in the form of high-Btu gas di-
rectly to the consumer, Therefore, while interfuel competition at the
marketplace will be a prime consideration, there will be strong incentive

to use these existing distribution systems for SNG. Potential direct alter-
native competitors for SNG from coal in the United States are imported LNG
and natural gas transmitted from the northern frontier areas of North
America, However, these alternatives will also involve extremely large
front-end investment, and some will have the additional disadvantages
associated with security of supply. Of course, energy conversion, trans-
mission, and distribution via electrification is a competitor, but again

the costs for that alternative are also significant (3), and comparative
costs are highly dependent on location,

- 3 -. - ~

Some SNG technology is now near commercial and additional systems are ready
for commercial-scale demonstration, However, the cost of conversion plants
will often be large in relation to the capitalization of companies planning
to build such plants, thus making financing difficult without some type

of guarantee for the lending institution, If regulatory approval necessary
for cthe gas pricing structure permits rolling-in of the higher cost of SNG,
then commercialization would probably follow, although it is likely that
some type of debt guarantee will also be required.

Because of necessary regulatory approvals, the probable need for federal
financial sheltering, and the lead-time necessary for plant construction,

it is doubtful that any plants based on Lurgi technology could be on stream
before 1985, However, with regulatory and financial approaches now under
discussion, some commerclal operation appears likely in the period 1985-1990.

LBC/IBG from Coal: LBG/IBG from bituminous coal in an eastern U.S, location
without site-related factors included is estimated to cost about $3.25 per
million Btu for commercial technology and ranging to about $2.50 per million
Btu for some developmental processes,

High conversion plant investment and production costs will limit warkets for
LBG/IBG in the near term; however, some markets may develop in the 1980s due

to the curtailment of natural gas, or where the direct use of coal or heavy

oil is excluded, Potential markets for LBG/IBG technology include utility power
generation (4), industrial fuel (5), synthesis gas as a chemical feedstock,

and reducing gases for the primary metal industries, The production of
synthesis gas from coal may be most attractive in areas of the United States
where chemical manufacturing is heavily concentrated, therefore permitting
construction of large central conversion facilities,

The logistics of coal and gas are important when comparing competitive mar-
kets for SNG from coal with LBG/IBG from coal. For example, coal supply,
distribution, and handling considerations may add significantly to the cost
for the small LBG/IBG producer, Therefore, an SNG-from-coal facility feed-
ing existing natural gas distribution networks may deliver high-Btu gas to
local markets competitively with small-scale systems producing LBG or IBG for
those markets, Moreover, even when large centralized production facilities
are used, both LBG and IBG will require limited but expensive gas distribution
systems which may make delivered SNG less expensive, This type of comparison
is highly site-specific, and generalization.-is difficule,

Recent experimental field pilot work (6) conducted by ERDA's Laramie Energy
Research Center (LERC) in the Hanna Basin in Wyoming indicates progress
toward development of an operable underground coal gasification system in
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the United States, Speculative economic estimates indicate process costs
for low-Btu gas of about $1,50 per million Btu on the basis of regulated
utility economics, Remote site-related costs could increase this to about
$2.00 per million Btu, Coalfield gas-fired power generation will be the
primary market for this gas. Recent cost estimates (7) indicate that this
may be competitive with mine-mouth power generation by direct firing of

coal with flue gas desulfurization. Based on recent LERC experience, it
appears that developmental costs for UCG are in some cases probably the low-
est of any of the synthetic fuel types, UCG will eliminate most of the ob-
jections of stripmining of coal and can permit utilization of thick deep or
otherwise difficult to mine coal seams, although surface subsidence and dis-
ruption and contamination of aquifers are potentially serious problems.
Underground gasification control problems will have to be identified and
overcome before low-Btu gas from UCG can be used in its most logical market--
coalfield-located power generation., UCG technology is in the early stages
of development in the United States; however, based on current field test
results, large-scale demonstration now appears desirable to verify specula-
tive economics, prove necessary operability, and assess environmental effects,
Future commercialization will, of course, be dependent on demonstration re-
sults, Development is not far enough advanced at this time to predict when
commercial application might occur,

Coal Liquefaction: Coal-derived liquids appear to face a more difficult
competitive situation than coal-derived gases, since they will compete di-
rectly with imported oil in petroleum liquids markets. Liquids from oil
shale will also compete directly in these markets.

Costs for low-sulfur liquids and boiler fuel with developmental systems are
estimated here to be in the range of $3.50 to $4,50 per million Btu ($21 to
$26 per barrel) for a 15 percent DCF rate of return, The regulated utility
financing analysis does lower this to the $15 to $19 per barrel range, How-
ever, site-specific factors could easily add $2 to $3 per barrel to the costs

Production of methanol from coal by gasification and catalytic methanol
synthesis is somewhat more expensive than direct liquefaction of coal be-
cause of lower conversion efficiencies (40 to 50 percent versus 65 to

70 percent) and significantly higher capital costs, Based on a DCF rate of
return analysis, the cost of methanol from coal is estimated at a little over
$7.00 per million Btu using near term cowmercial technology before providing
for remote site costs, Even assuming cost reductions due to evolutionary
improvements in technology, and when using a highly debt-leveraged regulated
utility economic analysis, the estimated cost of methanol from coal exceeds
$4.00 per million Btu or $22.00 per oil-equivalent barrel on the process
basis used. DCF costs on the same basis are approximately $6.00 per million
Btu or about $35 per oil-equivalent barrel.

Large pilot plants for the direct production of liquids from coal are now

in varying stages of design, construction, and operation. However, because
of the high estimated costs, it is doubtful that there will be any signifi-
cant commercial production of liquids from coal, other than from potential
government-sponsored commercial scale demonstration programs, before the
mid-1990s, at the earliest. Furthermore, there appears to be little prospect
of methanol being produced from coal in the United States in the foreseeable
future.

0il Shale: Even though this paper is part of a session addressing the com-
parative economics of coal conversion processes, it is appropriate that pro-
duction of liquids from oil shale be considered.

Based on a variety of SRI studies, the costs of an upgraded synthetic crude
0il using developmental retorting systems are estimated (Table 2) to be in
the range of $2.75 to $3.50 per million Btu ($16 to $21 per barrel) for a



discounted cash flow rate of return of 15 percent, The equivalent costs for
regulated utility financing are in the $12 to $15 per barrel range. If it
is feasible to produce and ship raw shale oil or a lightly upgraded high
nitrogen content product, the cost would be $3 to $5 per barrel less at the
plant than for a highly hydrotreated, low-nitrogen synthetic crude. Even
though site-specific factors could easily add $2 to $3 per barrel to the
above costs, shale syncrude with a sheltered .financial basis appears to be
marginally competitive with imported oil (Figure 1),

Shale oil product costs are estimated to be significantly lower than costs
for coal-derived liquids, However, it should be emphasized that the greatest
technical and economic risks in o0il shale production are in shale wmining and
disposal of spent shale, In the case of coal liquefaction, uncertainties
associated with the mining of coal and disposal of ash are considerably less.
Large-scale pilot testing of several retorting technologies has been carried
out. Some of this technology is now ready for commercial-scale demonstration,
Such a demonstration in addition to proving retorting technology reliability
would provide answers to serious questions concerning mining technology,
overall economics, and environmental effects,

The lead-time necessary for construction of a commercial-scale plant would
now probably preclude oil shale operation prior to about 1985, even with an
early decision to construct a plant. 1In general, with access to world oil
prices and a sheltered financial position, together with resolution of en-
vironmental constraints, some commercial production should develop in the
period 1985-1990,

Any discussion at this time of the commercialization of synthetic fuels is not
complete without addressing the issue of potential federal government incentives,
During the 1973-1976 period, at least three industrial groups were willing to ini-
tiate commercial SNG-from-coal projects, assuming their SNG pricing structure was
approved by the Federal Power Commission, No additional federal incentives or finan-
cial sheltering were apparently felt to be necessary to assist commercialization at
that time, Moreover, at least four industrial-sponsored oil shale projects were
set to move forward without federal assistance; indeed, the oil shale groups in most
cases paid large front-end federal lease bonuses for the "opportunity" to do so.

Cost escalation has since magnified the risk of these ventures to a level where
the sponsors have indicated that some type of financial incentive and/or risk reduc-
tion mechanism is now necessary. Four potential incentives often discussed to assist
the commercialization of synthetic fuels processes are:

e Federally guaranteed construction loans
e Product price supports
e Tax credits

e Construction grants.

These incentives are discussed in detail in the report summarizing results of
the Synfuels Interagency Task Force Study in 1975 (8). Since 1975, Congress has
focused legislative attention on the use of loan guarantees. While this technique
is now being sought by regulated producers for construction of SNG plants, there is
no such consensus about loan guarantees among nonregulated producers for ventures
involving synthetic liquids plants.

An alternative to the incentive approach is a modification of the so-called
government-owned, company operated (GOCO) approach, During World War II, processes
for the production of high octane gasoline and synthetic rubber were developed with
federal assistance, The federal government provided the risk capital for initial
construction and operation of pioneer commercial-scale demonstration plants and

.;
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when the plants were commercially proven, they were sold on a bid basis to the indus-
trial developer, or to some other company, This type of approach may now be necessary
to assist construction of pioneer plants, particularly for coal liquefaction, oil
shale, and second-generation SNG systems now under development,

Summary and Overview

Commercial viability of synthetic fuels operation in the'near term is clearly
questionable because of the competition with natural gas and imported oil., Based
on the economic analyses discussed in this paper, LBG/IBG from coal and liquids from
oil shale appear to have the best chances for near-term commercial application.
However, financial success appears to be contingent on economics based on a sheltered
financial position to permit rates of return characteristic of a regulated utility
producer. SNG from coal, while estimated to be more costly than LBG/IBG and shale
liquids, may see earlier commercialization because of an existing sheltered regula-
tory position and because existing transmission, distribution, and utilization sys-
tems are available for the product.

Estimated costs for developmental conversion processes may be reduced by perhaps
20 percent or a little more with evolutionary technology, but greater cost reductions
are difficult to foresee. A notable exception is underground coal gasification
which, while being extremely site-specific and at an early stage of development in

’the United States, can have attractive economics.

Incentives currently discussed may be sufficient to commercialize first-
generation coal gasification systems; however, an alternative such as government-
financed plant construction and operation prior to successful commercial demonstra-
tion with sale to the developer/operator may be necessary’ for commercialization of
pioneer technologies, Even when analyzed using the most attractive financial situa-
tion, the costs of synthetic fuels (UCG is a potential exception) will be at best
marginal with to well above the current and near-term projected prices of natural
gas and imported oil.

It becomes increasingly apparent that it is desirable for the United States to
expand its ability to develop additional indigenous supplies of hydrocarbons, both
to increase the base of a secure supply and to reduce the potentially adverse effect
that excessive imports will have on the U.S. trade balance, However, the free market
driving force for near-term large-scale commercialization of solid fossil fuel con-
version processes is tenuous., Some specific marketing situations will develop; but
in the near- to intermediate-term these will be caused more by shortages of conven-
tional fuels rather than by price competition. 1In the meantime, large-scale research
and development of a variety of systems has reached a significant level of sophisti-
cation and accomplishment, Commercial-scale demonstration of selected technologies
because of the long lead-time necessary to commercialize such technology is now de-
sirable to assist in the selection of the best near- to intermediate-term processes
and for the benefit of long-term ongoing research and development.

Acknowledgment: SRI's Energy Center and Chemical Engineering Laboratory have been
involved in comparative technical and economic evaluations of synthetic fuels
processes since the mid-1960s. Acknowledgment is made of the many staff members
from these two groups who participated in the development of background material
for this paper.
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Table 1

MAJOR COAL CONVERSION AND OIL SHALE RETORTING SYSTEMS NOW UNDER DEVELOPMENT

COAL GASTFICATION

Name

® SNG
- Lurgi
-~ BG-Lurgi
- HYGAS
- COZ Acceptor
-~ BIGAS

- Synthane

o 136/18G!
- Lurgi
- BG-Lurgi
- Texaco (Partial 0xidation)2
- Combustion Engineering
- Battelle (Agglomerating Ash)
- Westinghouse
- GEGAS

- Underground gasification

COAL LIQUEFACTION

® Solid Boiler Fuel

- Solvent Refined Coal

® Low-Sulfur 0Oil
- H-Coal
- Exxon Donor Solvent
- Synthoil

- Coalcon

OIL SHALE RETORTING

e Liquids Production

- TOSCO II
= Paraho

- Occidental

1 . R
Low or intermediate Btu gas

Type

Fixed-bed, dry-ash
Fixed-bed, slagging
Fluid-bed

Fluid-bed

Entrained

Fluid-bed

Fixed-bed, dry-ash
Fixed-bed, slagging
Entrained
Entrained
Fluid-bed
Fluid-bed
Fixed-bed

Laramie ERC technique

Noncatalytic

Direct catalytic
Indirect catalytic
Direct catalytic

Noncatalytic

Circulating Heat Carrier
Internal Combustion

In situ

This general type of technology is also under development jointly by the Royal

Dutch Shell Group and Krupp/Koppers
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Coal Conversion Plant Cost Escalation
Stanley L. Cohen and Fred P. Hayoz

TRW Systems and Encrgy
One Space Park, Redondo Beach, CA 90278 and
7600 Colshire Drive, McLean, VA 22101

Coal conversion plants are capital intensive. At least half the price of coal-
derived synthetic fuels arise from fixed charges (1) and the cost of commercial-
sized plants are such that capital availability is a major problem. Thus, economic
evaluations of coal conversion processes are strongly influenced by the capital
cost estimates used. Further, these estimates in recent years have been subject
to substantial escalation due to inflation. Also, the long periods of planning and
construction required for coal conversion plants compounds both the cffects of
escalation and interest during construction.

Since escalation heavily impacts coal conversion economics, a study was under-
taken for ERDA to: 1. Identify and quantify factors contributing to the reccnt
escalation of coal-based fuel plant cost estimmates. 2. Identify indices which.in
the past have best reflected inflation escalation of coal conversion plants, and
3. Suggest procedures for predicting future capital cost escalation.

Escalation analysis requires at least two cost estimates of the same plant made
at different times. Preferably there should be several sets of estimates for
several plants all using the same process and having about the same capacity.
The only available sets of estimates meeting the above requirements were cost
estimates for the Lurgi coal gasification process. These estimates were particu-
larly valuable since they were based on common design data supplied by the Lurgi
Corp. In addition, the three sets of estimates used were associated with plants
which all used Western sub-bituminous coal to produce from 250 to 288 million
SCFD of pipeline grade gas per stream day.

Prior to the main analysis, the applicability of Lurgi results to other gasification
processes was checked by comparing Lurgi escalation data with estimated escala-
tion for several advanced gasification proccsses under comparable conditions.
These data derived [rom (2) and (3) are tabulated below.

Aug. '74 Cost, Jan, '76 Cost,

Process $MmM $MM % Increasc
IGT Hygas 750 ) 870 16
CO2 Acceptor 760 890 17
BCR Bi-QGas 890 1,030 16
Lurgi ’ 920 1,060 15

From the above, it appears that Lurgi cscalation data can be extrapolated to
advanced pipeline grade coal gasification processes.

Low and medium Btu gas projects present a special problem since cach plant is
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designed to meet a particular customer's demand, (Typically, capacities vary
from 21 to 100 trillion Biu [year].) However, since the reactor and purification
steps of the low Btu processes are similar to those of the Lurgi processes, there
appears to be no a priori reason why escalation for pipeline grade gas should be
markedly different from escalation for lower grade gas processes.

Coal liquefaction presented another problem. Aside frorn methanol (around 85
percent of the Lurgi and methanol processes capital costs are for common equip-
ment), liquefaction and gasification processcs do not have a high degree of cquip-
ment commonality. Conscquently, the approach taken was to perform the analysis
outlined below and then check the main results with experts in coal liquefaction
technology. In brief, the results for inflation escalation did check fairly well.

Lurgi cost estimates were collected and then normalized to place them on as
comparable basis as possible. The normalized data were then disaggregated into
the components of escalation that arise from: 1, Changes in the type of estimate.
2. Changes in knowledge of technology and environmental requirements.

3. Changes in equipment capacity, and 4, Chagges in the costs of equipment,
materials and labor (inflation escalation).

The inflation component of escalation was then compared by statistical tests and
other means with various cost indices. Then, bascd on certain criteria, those
indices best reflecting estimated Lurgi escalation were identified. The results
and implications were analyzed and, finally, methods for predicting future
escalation were suggested.

Five organizations generously cooperated in the collection and analysis of the
estitnates. These were, El Paso Natural Gas Co., Panhandle Eastern Pipeline
Co., Southern California Gas Co., The Fluor Corp. and the Lummus Corp. To
protect the privacy of the estimates, results are identified only as venture A, B
or C.

The component of escalation duc to estimate type was first examined. This
component could arise because a prudent venture manager might require that a
contingency adjustment equal to the upper bound of the accuracy range of the
pertinent type of estimate be included in project costs. However, none of the
estimates obtained had to he adjusted for estimate type because all of the estimates
were ""preliminary' (about + 20% probable accuracy) and all contingency costs were
removed when the estimates were normalized.

After removal of contingency, interest during construction and certain project

specific costs (e. g., coal mine and sales tax costs) the following breakout of
escalation for the ventures was obtained.

13



Lurgi Escalation Results

Venture Iscalation

Sept. '72-July '73  July '‘73-Jan.'75 Jan, '75-Early '76 Comments

Tech. Inflation Tech, Inflation Tech. Inflation
%o % % % % %

A . 38 6 34 56 - - Tech. escala-
tion did not
include design.

B 38 57 8 20 (Jan.) Tecch. cscala-
tion includes
design changes.

C N. A, 60 N. A, 16 (Apr.) Estimates ad-

justed to
remove tech-
nology and
design change
escalation,

Note that estimates were in constant dollars as of estimate date, i.e., no forward
escalation,

There are four indices that are commonly used to track inflation escalation.
These are the Chemical Enginecring (CE), Marshall & Swift (M&S), the Nelson
index of refinery costs (Nelson) and the Enginceering News Record (ENR) indices.
Also, coal-fired power generation boiler plant equipment escalation as given by
the privately circulated Handy & Whitman (I1& W) index was thought pertinent.

The five indices identified above arc based on weighted averages of labor, material
and cquipment costs. But it was suspected that the traditional weighted-average
indices understate the importance of cquipment prices during periods of high infla-
tion such as those experienced between mid '73 and early '75. Consequently, two
pure equipment indices were also compared to the Lurgi data. These were the
Nelson equipment index (a composite of five equipment classes) and an index of
valve and fitting prices which was the only single item index that matched Lurgi
escalation reasonably well. The results of the comparison are tabulated below.
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Comparison of Lurgi and Cost Indices Inflation

Category Escalation
Sept. '72-July '73  July '73-Jan. '75 Jan. '75-Early '76
% o/c %

Lurgi 6 (L)% 56-60 (3)% 16-20 (2)*
Chemical Engineering .

(CE) 5 24 4
Marshall & Swift

(M&S) 2.5 28 5
Nelson Refineries 5 19 7
Engr. News Record

{ENR) 8.5 11 9
Handy & Whitman

(H& W) 6 37 9
Nelson Equipment 4 38 8
BLS Valves & Fittings 5 51 6

* Numbers in parentheses indicate number of observations,

Since the Lurgi estimates only covered about four years, it was thought desirable
to select a process which might exhibit about the same inflation escalation as a
Lurgi process and where data was sufficient to permit development of an index for
a number of years. The ethylene cracking process was selected for the following
reasons: l. Both Lurgi and ethylene plants are reasonably similar from the
standpoint of scaling factors. 2. The front end of a Lurgi plant includes 2 number
of identical gasifiers; the front end of an ethylene plant includes a number of iden-
tical cracking furnaces. 3. Both types of plants have either single or dual puri-
fication systems and substantive compression equipment. Also, they reguire
closely integrated utility systems. 4, Escalation for the ethylene index for 1973-
1975 was 67 percent vs. 55-60 percent for Lurgi from mid-1973 to 1975,

The processes are different in that gasification plants have provision for extensive
solid handling facilities for coal feed and ash removal. But, for other rcasons,
coal preparation and handling.costs were backed out of the estimate during the
normalization procedure.

The cthylene index was used as follows. The coefficient of corxelation "r"
between the rates of change of the ethylene {(Lurgi analog) index and the other
indices were computed. Rates of change were used to reducc the autocorr ¢lation
between successive values of an index. The '"'r" values were then used as one
criterion for selection of a representative index. The other criterion was close-
ness of fit to gasification escalation during the critical inflation period of mid '73
to early '75. The evaluation results are shown below.

15
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Index Evaluation Resulls

-

Index Escalation from Correlation Relative to Ethylene

) July '73-Jan. '75 1965-1975 1970-1975 N
0/0 U MR sl .

Lurgi Plants 56-60 N. A. N. A.

Ethylene Plants N. A, 1. 000 1.000 5

CE 24 0.828 0.758 .

M&S 28 0.736 0.636 /

ENR 11 -0,134 -0.754

Nelson 19 0. 491 0.152 \

Nelson Equipment 38 0. 814 0. 759 lj

H&wW 37 0. 735 0.627

Valves 51 0. 715 0.708

xR >| .625] significant at> .95 Level

!

*%R >| .811| Significant at >.95 Level

The results are also illustrated in Figures 1 and 2. Figure 1 shows the rates of
change of three representative indices and the ethylene index, while Figure 2
shows the actual ethylene values vs. values predicted from the three indices.
The predicted values were obtained by first regressing ethylene values on the
indicated indices to obtain linear equations with relative ethylene costs as the
dependent variables. Then, actual values of the appropriate indices were
inserted into the equations to generate the prediction curves in Figure 2. All
predicted values underestimate inflation in 1974, and then overcompensate in
1975,

\.-‘ \-_/ \.-_z

The results obtained for the Lurgi process were then reviewed with experts in
coal liquefaction. What was learned is summarized below.

-

Lurgi/Ethylene Data Coal Liquefaction Data
Technology 85% for Lurgi, Sept. '72 15% over 4 years .
Escalation to Jan., '75 - ’
Inflation 195% Mid '70-Mid '75, C H4 250% Mid '70-Mid '75 N
Escalation 55-60% Mid '73-FEarly ‘7%, Lurgi Lurgi escalation "in the ball .
el

park't for liquefaction.

It was concluded that the high Lurgi process technology escalation is not typical
of other coal conversion processes in that: 1. A World War II period design had
to be adapted to modern materials and fabrication techniques. 2. The down-
stream design (purification, shift and methanation) had to be adapted to larger

capacities than originally specified. 3. The design had to be adapted to U. S.
codes and environmental regulations.

The implication of this conclusion is that
aggregaled cost data such as that presented in Lurgi ventures to the FPC may
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exaggerate the amount of escalation that might be experienced by advanced coal
conversion processcs.

On the other hand, it was concluded that the inflation cscalation estimated for the
lurgi proccss was generally applicable to other coal-based synthetic fuel pro-
cesses. Using the criterion of fit to high inflation periods, the index for valves
was judged to best reflect the inflation escalation experienced in the critical 1973-
1974 period. Using the corrclation coefficient criterion, either the CE or Nelson
equipment index was judged 'best',

It was also concluded that an equipment type index tracks escalation during periods
of high inflation better than do the weighted- average indices. (Note the CE index
is weighted 61 percent for equipments vs. 12 percent for the Nelson index vs. 0
percent for the ENR index. }

Methods suggested for predicting future escalation included the following:

o Correlate certain representative indices (e. g,, as tentatively identificd above)
with exogeneous indicators by econometric mecthods. Forecasts of the indica-
tors are available from such services as DRI, Chase and Wharton.

e Survey the larger constructor/engineers for 2-4 year trend forecasts on
equipment, material and labor costs pertinent to coal conversion plants.

o Survey a cross-section of process equipment manufacturers to obtain detailed
cost trends.
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ECONOMICS OF COAL GASIFICATION PROCESSES FOR -ELECTRIC POWER GENERATION. PACK,‘G. E.
Fluor Engineers and Constructors, Inc., 3333 Michelson Drive, Irvine, California,
92715

Economic aspects of large coal gasification-power generating plants are presented.

These aspects include thermal efficiencies, capital cost and cost-of-services. Existing
and advanced gasification technologies are investigated. Several concepts that have
been proposed are explored.
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CONVERSION OF COAL TO LIQUIDS BY
FISCHER-TROPSCH AND OIL/GAS TECHNOLOGIES

J. B. 0'Hara, N. E. Mentz, and R. V. Teeple

The Ralph M. Parsons Company
Pasadena, California 91124

INTRODUCTION

Conversion of coal to liquid and gaseous fuels as well as chemical products
has been practiced on a commercial scale in several areas of the world. Pro-
jections of U.S. supply and demand balances for crude oil and natural gas

to the year 2,000 indicate that coal conversion plants are a candidate in
the U.S. for production of environmentally acceptable liquid and gaseous
fuels. To be competitive with alternative energy sources, second generation
production complexes for coal conversion should be large, efficient, simple
and reliable.

This paper describes the characteristics and projected economics for two
candidate second-generation technologies, '"0il/Gas' and a U. S. version of
Fischer-Tropsch.

The term "0il/Gas" was coined during the 1974 Project Independence Blue-
print campaign. The process uses a type of coal hydroliquefaction similar
to SRC II, with reaction severity designed to produce a significant amount
of light hydrocarbons. These are in turn processed to yield substitute
natural gas (SNG) as a prime product. Liquid products include LPG, naphtha,
and fuel oil.

The suggested U.S. version of Fischer-Tropsch incorporates flame-sprayed
catalyst on extended heat-exchanger surfaces yielding several potential
advantages including increased thermal efficiency. Flame-sprayed catalyst
systems have been under development by what is now the Pittsburgh Energy
Research Center (PERC) for about 15 years.

The information presented here is based primarily on conceptual designs and
economic evaluations prepared by The Ralph M. Parsons Company for the Major
Facilities Project Management Division of Energy Research and Development
Administration - Fossil Energy (ERDA-FE).l;2  The conceptual design given
for each process incorporates certain process and equipment items now under
development, primarily within ERDA programs. The designs are intended to
define the potentials for second generation coal conversion complexes
incorporating results of in-progress development work. In concept, these
complexes might be constructed and operated in the mid-'80's to mid-'90's.

This paper will describe the processing, projected product characteristics,
and projected economics for the Fischer=Tropsch and 0il/Gas complexes.
These factors will then be compared, recognizing that each produces signif-
icantly different products. In addition, the 0il/Gas designl will be
extended by hydrotreating fuel oil to produce lower percent sulfur products
at increased cost, to further illustrate the flexibility of the technology.
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Each of these conceptual designs represents only one of numerous possible
configurations. For a given industrial application with a defined coal
source and required product mix, the design would in actual practice be
tailor-made for that particular case.

0IL/GAS

Design Criteria

Preliminary design criteria have been published.3 Key elements of the com—
pleted conceptual design are:

Plant Location Eastern region of the U.S. Interior Coal Province,
which includes portions of the states of Illinois,
Indiana, and Kentucky.

Coal Source Illinois No. 6 seam coal produced in a captive
surface coal mine.

Capacity Approximately 47,000 tons per day (TPD) of run-
. of-mine (ROM) coal which is cleaned, washed and

sized to produce about 36,000 TPD of coal feed to
the process plants. All daily figures are in stream
days. Products include about 165 million standard
cubic feet per day (MM SCFD) of SNG and approximately
75,000 barrels per day (BPD) of liquids consisting of
LPG, naphtha, and fuel'  oil.

Plant Availability The plant is considered to operate at capacity 330
stream days per year, resulting in an availability
factor of 90.4%.

Characteristics The complex is a grass roots facility which cap-
tively produces all utilities and oxygen require-
ments. All effluent streams are treated to meet
environmental standards.

Raw Material and Facilities are prowvided for a l4~day coal inventory
Product Storage and a 30-day liquid product inventory.

Facility Description

An artist's conceptual drawing is presented in Figure 1. A photograph of a
model of the complex is shown in Figure 2. The complex would occupy approx-
imately 600 acres, exclusive of the coal mine. Plant population is about
2,350 people. About 17,500 gallons of water per minute would be drawn from
the source river.

Coal Mine The mine is an integrated strip mine with five
separate areas or mining units to produce 47,000
TPD of ROM coal operating 350 days per year.
The average overburden is 60 feet and average
coal seam thickness is 5 feet. The primary
overburden removal is with 170 cubic yard drag-
lines. The ROM coal would pass through a pri-
mary separation step located in the mining area

21




and then be transferred by conveyor to a coal
preparation plant area where it is cleaned and
sized to produce feed coal to the process plant.

Over the 20-year project operating life, approxi-
mately 57 square miles would be mined out.

Process Plant
A process block flow diagram is shown in Figure 3.

Key to the process is the SRC II hydroliquefaction step. Here, 20,000 TPD
of cleaned, sized feed coal is slurried in coal-derived recycle solvent;
two~thirds of the solvent is unfiltered and contains undissolved coal and
ash, while the remaining one~third has been filtered to remove the solids.
The coal slurry is pumped to 2,050 psig, mixed with hydrogen, preheated to
700°F, and reacted in the dissolver vessel. The dissolver product passes
through a pressure let-down system with the resulting liquid phase going to
a low pressure fractionator. Fractionation products are naphtha, light
distillate used as fuel oil constitutent, heavy distillate used as filer
wash oil and as a product fuel oil constitutent, and the bottoms which
contain solids. The bottoms are split; about half are recycled to the feed,
coal slurry system and the remainder goes to the filters.

The naphtha is hydrotreated to produce saleable product. The light dis-
tillate, a portion of the heavy distillate, and the filtrate are combined
to form the product fuel oil.

Gases emitting from the dissolver pressure let-down system, fractionation,
and the naphtha hydrogenation steps are combined and fed to a monoethano—
lamine (MEA) acid gas removal system to take out the hydrogen sulfide,
carbon dioxide and carbonyl sulfide. The resulting sweet product gas is
then processed in a cryogenic unit for hydrocarbon recovery/separation as
described below. Sour acid gas is sent to a sulfur plant which removes
the sulfur-containing contaminants and produces saleable sulfur.

In the SNG and LPG production train, sweet gas produced in the MEA system
is dried with molecular sieves and then sent to a cryogenic unit. Here
98.5 volume percent hydrogen is recovered. A portion of this hydrogen

stream is used to methanate residual carbon monoxide. Then the high purity °

hydrogen is fed tu the naphtha hydrotreater while the remainder of the

- hydrogen stream is recycled to the coal dissolving step. Methane-~rich gas
produced in the cryogenic unit is compressed, cooled to remove condensible
fractions, and then passed through a zinc oxide guard chamber to reduce

the hydrogen sulfide content. It is then processed in a final methanation
unit and sent to the SNG product line. Ethane and heavier fractions
produced in the cryogenic unit are fractionated to remove ethane and some
propane overhead which is mixed with final methanator product to produce
specification grade SNG, which is compressed to 1,000 psig for delivery.
Remaining propane and heavier material is separated into propane LPG as an
overhead product and a bottoms product. Bottoms are debutanized to produce
butane LPG as an overhead product, leaving pentane-and-heavier bottoms
which are fed to the naphtha hydrogenation unit. Butane LPG is hydrotreated
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and transferred to product storage.

The make-up hydrogen stream for the coal dissolving step is produced in a coal-
fed gasifier operated at about 1,000 psig. Significant methane is produced at
this pressure. The gasifier is a two-stage entrained slagging type. Solids
are removed from the gasifier effluent gas stream and the hydrogen-to-carbon
monoxide ratio adjusted in a sour shift conversion unit. The shifted gas is
Processed in a physical solvent acid gas removal system to produce a sweet

gas for feed to the dissolver section, a hydrogen sulfide-rich gas stream

for feed to the sulfur plant, and a carbon dioxide-rich vent gas stream.

The Rectisol process was used as a representative process.

A fuel gas gasifier system is included to generate the necessary steam and

power to operate the complex. This gasifier is fed by the dried dissolver

filter cake plus coal. The filter cake is previously dried to recover the

wash solvent as a saleable product. Fuel gas generated in the gasifier is

treated in an acid gas removal system to remove hydrogen sulfide and carbon
dioxide before passing to the power and steam generation section.

Power and Steam Generation

The in-plant produced fuel gas is used to produce electrical power in two
c&ndensing turbine generator units with three extraction points. Four steam
boilers are also included. The utility system is closely integrated with the
Process plant operation.

Material Balance

The overall material balance for the process plant is shown in Figure 4.
Material inputs consist of coal, water, and oxygen (from the air separatiomn
plant). The coal amounts to about 36,000 TPD. Saleable products, including
fuels, sulfur and ammonia, add to approximately 19,000 TPD.

Energy Balance

The energy balance is depicted in Figure 5. The projected thermal efficiency,
coal to saleable products, is about 77%.

FISCHER-TROPSCH

Design Criteria

Preliminary design criteria have been described.A Key elements of the
completed conceptual design are:

Plant Location Eastern Region of the U.S. Interior Coal Province.

Coal Source Illinois No. 6 seam coal produced in a captive
surface coal mine.

Capacity Approximately 40,000 TPD of ROM coal will be mined
and 30,000 TPD of cleaned, sized coal will be fed
to the process plant. The products will have an
energy value of approximately 525 billion Btu per
day consisting of 260 MMSCFD of SNG and approxi-
mately 50,000 BPD of liquid products which are
LPG's, light and heavy naphthas, dissel fuel,
fuel oil and oxygenates.
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Plant Availability 350 stream days per year; availability factor =
90.4%.

Characteristics Grass roots facility producing all utilities plus
oxygen and treating all effluent streams to meet
environmental standards.

Raw Material and Fourteen-day coal storage and 30day liquid

Products Storage product storage.

FAcility Description

The complex is depicted in the artist's conceptual drawing shown in Figure
6 and a photograph of model of the complex is presented in Figure 7. Land
area required for the complex, without the coal mine, is about 500 acres.

Plant population is about 2,100 people. Approximately 12,000 gallons per

minute (GPM) of water would be required.

Coal Mine

As in the 0il1/Gas design, a strip mine with an average overburden of 60 feet
and average seam thickness of 5 feet would produce the required 40,000 TPD

of ROM coal. The mine would consist of four integrated mining faces. The
primary separation and coal preparation units are similar to those previously
described for the 0il/Gas complex with the exception that the ground coal

has a smaller particle site; minus 20 mesh by 0 for Fischer-Tropsch vis-a-vis
5% plus 20 mesh, 25% minus 200 mesh for the 0il/Gas plant.

Process Plant

All of the feed coal is fed to two entrained slagging-type steam oxygen gasi-
fiers operated at approximately 470 psig. Gasifier effluent gas stream is
exhaustively cleaned to remove solid particles. The ratio of hydrogen to
carbon monoxide in the cleaned gas is increased by subjecting about 50% of
the gas stream to a shift conversion reaction; the H,/CO ratio is thereby
adjusted to the target value of 1.45. Shifted gas is then fed to an acid

gas removal unit where it is contacted with a physical solvent to remove

the hydrogen sulfide, carbon dioxide and organic sulfur compounds. The
Selexol process was used as a representative process for this design. The
absorbed acid gases are stripped for further processing; the hydrogen sulfide
is converted to saleable sulfur in the sulfur plant and the CO2 stream is
vented, Sulfur content of the cleaned syngas is reduced to about 0.1 part
per million, volume (ppmv).

Cleaned syngas is fed to the Fischer-Tropsch synthesis unit at about 400
psig and 570°F. 1t first passes through zinc oxide guard chambers to remove
trace quantities of sulfur compounds. Then it is processed in 18 parallel
synthesis reactors designed for isothermal operation. The reactors have
flame-sprayed iron catalyst deposited on the external surface of extended
surface heat exchangers. Reaction takes place on the shell side and 1,250
pPsig steam is generated on the tube side by the heat of reactlion. Shift and
methanation reactors have a similar geometrical design but differ in the
composition of the flame~sprayed catalyst.
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FiSCher—Tropsch reactor feeds contain a ratio of recycle to fresh feed of
approximately 1.4. Extensive heat exchange is used to maintain a high
plant thermal efficiency.

Fischer-Tropsch products go to a liquid product recovery unit to recover
light hydrocarbons from the Fischer-Tropsch gas and to fractionate the
liquids into the product streams.

Two gas streams are recovered and fed to the methanation unit which produces
SNG. One consists of a mixture of residual lean gas after absorption of the
C3*s in a presaturated lean oil stream and a CO-rich stripper overhead pro-
duct produced by stripping a lean oll fractionator overhead stream. This
mixed Stream is fed to the first methanation stage. It contains gases pro-
duced in the Fischer-Tropsch reactor, including methane and some C2's and
Ci's to increase the heating value of the SNG. An additional feed stream,
which goes to the second-stage methanator, consists of C3's and C,'s which
are produced in a depropanizer in the liquid product refining train; they
serve to increase the heating value of the SNG.

Fischer-Tropsch liquids are preheated and fed to a lean oil fractionator
where light ends are removed overhead for further processing and feed to the
methanator section as described previously. The bottoms are fed to the fuels
vacuum fractionator where the heavy naphtha, diesel 0il and heavy fuel oil
are produced. Naphtha is removed as an overhead product. Diesel oil is
withdrawn as a side stream and is steam-stripped to obtain the flash point
specification. Heavy fuel o0il is produced by steam stripping in the bottom
section of the fractionator, cooled, and sent to storage.

Light naptha is produced in a naphtha stabilizer fed by the bottoms from the
depropanizer. Cy LPG's are recovered as overhead from the stabilizer.

Oxygenate produced in the Fischer-Tropsch reactor, containing a high alcohol
content, are recovered and refined. Feed to the oxygenate recovery system
is produced in a water extraction of the Fischer-Tropsch liquids. This feed
is preheated and the oxygenates taken overhead from a fractionator with the
bottoms returned to the extraction system. A hot alcohol-salt solution,
produced by caustic neutralization of the Fischer-Tropsch reactor effluent to
destroy acids produced in the reaction, is stripped and the oxygenates
recovered as an overhead product are also fed to the oxygenate fractionator
previously discussed. The stripper bottoms are evaported to produce a con-
centrated salt solution for disposal and a consensate stream used as boiler
feed water.

Product SNG is produced in the methanation section. The primary feed is
sulfur-free stripped gas produced in the liquid product recovery section.
The methanation section consists of a first-stage recycle reaction unit
containing three methanators in parallel, and a second-stage one-pass
finishing reactor.

Feed gas to the first stage methantor is mixed with 1.25 parts of recycle gas,
preheated to about 570°F, and reacted at 380 psig in isothermal reactors of
design similar to those used for the Fischer-Tropsch reaction. A flame-
sprayed nickel catalyst is deposited on the outside surface of a finned tube
heat exchanger and the high heat of reaction removed by boiling dowthern in
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the tubes —- the hot dowthern in turn i1s used to generate 1,300 psig steam
for use in the plant utility system. Reaction conditions in the first~stage
methanator favor CO methanation to assure that the product SNG does not con-
tain more than 0.1 mol% CO. Product from this first-stage methanator is
cooled, condensate removed, and about three-fourths of the gas recycled with
the remainder going to the second-stage methanator which is an adiabatic
fixed-bed radial-flow reactor using a pelleted, reduced, nickle-type catalyst.
Here the CO2 is methanated; it will also methante CO if a breakthrough should
occur in the first stage. The CO2 content of the product SNG is maintalned
below 2.5%.

The product from the second-~stage methanator has a higher heating value of
about 910 Btu/SCF. This is combined with the vaporized mixed light hydro-
carbon stream produced in the liquid product recovery section and fed to a
hydrotreater for saturation of alkenes by the residual hydrogen in the
stream. The product SNG stream 1s cooled, condensate removed, compressed,
dried, and fed to the product pipeline at 1,000 psig.

POWER AND STEAM GENERATION

The process produces all gteam required for operations, heating, and power
generation. Therefore, conventional steam bollers are not provided for
normal operation. A start-up boiller is provided.

Electrical power is generated by four 120-megawatt extraction steam turbine
generators. These generators provide all power required for operation of
the complex plus approximately 140 MW for sale.

MATERIAL BALANCE

Overall material balance for the process units is presented in Figure 8.
Results indicate that approximately 13,000 tons per day of saleable fuel
products plus sulfur are produced from 30,000 tons per day of cleaned,
sized feed coal.

ENERGY BALANCE

Energy balance is summarized in Figure 9. Estimated thermal efficiency in
converting coal to saleable products is approximately 70%.

PRODUCT CHARACTERISTICS

Projected product characteristics for the Fischer-Tropsch and 011/Gas con-
ceptual designs are summarized in Table 1. These have been projected based
on review and analysis of product characteristics reported by process in-
vestigators for similar, but not identical, process conditions >  plus minor
adjustments to reported product characteristics using the characteristization
factor to assure consistency with the basic data. For more radical adjust-—
ments to reported product characteristics as a result of subsequent treatment,
for example, hydrogenation, reference was made to published work t  in this
area to establish change of characteristics resulting from treatment. There
are not yet reports of production-analysis-functional product testing of large
quantities of the naphtha, diesel fuel, and fuel oil streams. However, the
projection of these characteristics based on analysis of existing data and
comparison of expected values based on analogy to other coal-derived liquids
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and similar crude oil-based products provides a basis for projecting compara-
tive results for these two technologies and defining incentives for pilot
plant production to permit confirmation or modification of the projections.

The most significant differences are that the Fischer-Tropsch liquid pro-
ducts contain nil sulfur, nitrogen and particulate matter, and are composed
primarily of aliphatic compounds, while the 0il/Gas products contain sulfur,
nitrogen, and solids and consist primarily of aromatics. The Fischer-

Tropsch liquids therefore have higher potential for use as petrochemical
feedstocks and for fuel applications with stringent environmental restrictions.
011/Gas products show promise for us in gasoline manufacture and for selected
fuel applications. Additional comments will be presented later regarding
possible market values of these products.

FIXED CAPITAL INVESTMENTS

All economics are expressed in Fourth Quarter 1976 dollars.

The projected fixed capital investments (FCL) for the two conceptual complexes
are compared in Table II. The results indicate that the Fischer-Tropsch
complex would require a FCI of approximately 1.55 billion dollars to produce
about 85,000 barrels of fuel oil equivalent per day (BOE/D); the FCI per
BOE/D is therefore about $18,000. The 0il/Gas complex would require a FCI

of about $1.3 billion to produce approximately 110,000 BOE/D for a FCI ver
BOE/D of about $12,000.

A comparison of the relative costs of the separate sections of the complex
is shown in Table III. A significant contributor to the higher FCI per
BOE/D for the Fischer-Tropsch plant lies in the gasification section where
the cost of ‘the oxygen plants and gas cleanup are much higher. Note that
the FCI's for the conversion sections, per daily barrel of oil equivalent,
for the two complexes are about equal.

TOTAL CAPITAL INVESTMENTS

Total capital investments are presented in Table IV. Total capital
includes fixed capital investment, initial catalyst and chemicals, start-up
costs, construction financing, working capital, and land/rights of way.
Projected total capital requirements are 2.0 and 1.7 billion dollars for the
Fischer-Tropsch and 0il/Gas complexes, respectively. Example construction
financing costs are presented in each case.

Estimated time to mechanical completion was approximately 57 months in each
case. This included design, engineering, procurement and construction.

OPERATING COSTS

Projected annual operating costs for the complexes are given in Table V.
The operating costs include royalty allowance of $1.50 per ton of cleaned,
sized coal produced.

Projected annual operating costs are 205 million dollars for both the

Fischer-Tropsch and 0il/Gas complexes, respectively. For analytical purposes,
the complexes were divided into cost centers.
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REQUIRED PRODUCT SELLING PRICE

Average required product selling price was projected for three project

financial structures. In all cases, the project operating life was 20 years.

o 100% equity capital

o Borrowed capital: 657 of the total investment borrowed at 9%
interest, with the principal repaid in equal installments over
a 20-year project operating term; all working capital borrowed
at 9% interest for the 20-year term; a loan commitment fee of
0.75% on funds not drawn down during the construction period.

o A nonprofit (0% discounted cash flow rate of return) or break~
even boundary case.

A 12% discounted cash flow rate of return (DCF) was selected as a base case,
and the revenue required to achieve this DCF calculated for each financial
structure. Required average product selling price was then calculated
using the required revenue and the quantity of energy products produced.

Results are summarized in Table VI. Here we see that for the 65/35 debt/
equity financial structure, the projected average required product selling
prices, fourth quarter 1976 basis, (RPSP) are $2.55 and $1.95 per million
Btu's for the Fischer-Tropsch and 0il/Gas cases, respectively. The 100%
equity financing cases are about 30 percent higher in each case. The
breakeven cases are about $1.50 and $1.20 per million Btu's, respectively.

In dollars per barrel, the 65/35 debt/equity case RPSP's would be about
$15.25 and $12.00; this is based on an arbitrary 6 million Btu per barrel
reference value. A key factor in the economic projections is the inclusion
of large captive coal mines in the complexes.

SENSITIVITIES

Sensitivities of the average required product selling price to changes in
key economic parameters are shown in Table VII. The RPSP is most sensitive
to changes in fixed capital investment. To illustrate, for Fischer-Tropsch
a2 10% reduction in fixed capital investment would result in an 8.7% reduc-
tion in RPSP for the 100% equity case. The sensitivities to operating
costs are in the range of 15-20%.

Effect of variations in DCF on the RPSP is presented in Figure 10 for the
657% debt case. Sensitivity is greater for the 100% equity case, which is

not shown.

POSSIBLE PRODUCT MARKET VALUES

A brief assessment of possible product market values and the effect of the
resulting project revenues on profitability was completed. To obtain these
possible market values, the project characteristics of the products were
compared with those of conventional crude oil-based products. Discussions
were held with representatives of fuel producers and consumers and industry
reports were reviewed.
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Industry representatives strongly qualified their opinions on possible prices
by stating that laboratory and field product performance tests must be con-
ducted before firm dollar values could be assigned to the products.

With the above caveats clearly in mind, possible unit sales values and
annual revenues for a fourth quarter 1975 basis are presented in Table VIII
for Fischer-Tropsch and Table IX for 0il/Gas; these are taken from the
published reports. °’ The SNG sales value was based on value allowed for
sale of SNG produced commercially from naphtha, and possible values for SNG
from coal at that time. These possible sales values are presented to
illustrate the effect of product sales value on the economics and also to
perhaps stimulate further effort to establish firm product values and
marketability.

The Tables VIII and IX possible annual revenues were then updated to a
fourth quarter 1976 basis using Federal Energy Administration data which
indicated that fuel prices escalated approximately 9 percent from fourth
quarter 1975 to fourth quarter 1976.

Results of this second-order exploratory analysis indicate that possible
average annual revenues (Fourth Quarter 1976 dollars) are $730 and $560
million dollars for the Fischer-Tropsch- ind 0il/Gas cases, respectively.
Projected DCF's calculated using these revenues and the project structures
developed earlier are shown in Table X. To illustrate, for the 65/55 debt/
equity case, the projected DCF's for Fischer-~Tropsch and 0il/Gas are 27 and
20 percent, respectively. This result indicates the incentive for accurate
assessment of the marketability and profitability of synfuel products to be
produced in second generation coal conversion plants in the U.S.

ECONOMIC COMPARISON FOR LOW SULFUR CONTENT FUEL PRODUCTS.

Projected sulfur content of the 0il/Gas fuel oil is 0.45. A brief and very
preliminary analysis of the effect of further hydrotreating to reduce the
sulfur content on cost and product_composition was made; this is an extension
of the design previously reported. The result provides guidance regarding
the costs and implications of producing very low sulfur fuels from coal by
0il/Gas type technology for environmental reasons.

The data basis for predicting process and cost results for hydrotreating the
coal-derived liquids ig %i?%ted. However, some information is available to
guide the projections. *°°’

Preliminary process designs were developed for incremental hydrotreating

of the 0il/Gas fuel oil. Hydrotreating conditions were nominally 650°F and
2,500 psig with a nickel-molybenum type catalyst. A 6 months catalyst life
was assumed for the purpose of this preliminary assessment.

Projected product distribution as a function of fuel o0il sulfur content is
depicted in Figure 11. With decreasing sulfur content, the amount of fuel
0il decreases and the lighter products increase.

Figure 12 presents projections of hydrogen consumptions and Figure 13 shows

projected required average product selling price at 12% DCF, 65% debt as a
function of fuel oil sulfur content. Also shown on Figure 13 is the projected
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RPSP for nil sulfur Fischer-Tropsch products. Results indicate that at about
98% sulfur reduction in 0il/Gas fuel oil, the required product selling prices
are approximately equal.

SUMMARY AND CONCLUSIONS

Conceptual designs'economic evaluations for two condidate second generation
coal conversion technologiles have been completed by the Ralph M. Parsons
Company. These are a suggested future version of a Fischer-Tropsch complex,
and an 0il/Gas Complex which uses SRC II technology. Each conceptual design
incorporated certain process and equipment concepts currently under develop-

ment. The designs are based on the presumption that these development programs

will be successful.

The conceptual complexes process 30,000-36,000 tons per day and produce
85,000-110,000 barrels per stream day of oil equivalent. Projected fixed
capital investments for the Fischer-Tropsch (F-T) and 0il/Gas (0/G) complexes
are 1.55 and 1.3 billion dollars, respectively; all economics are presented
in fourth quarter 1976 dollars., Unit fixed capital investments, expressed

as dollars per daily barrel oil equivalent (BOE/D) are about $18,000 and
$12,000, respectively.

Projected product characteristics from the complexes differ; Fischer-Tropsch
produces primarily aliphatic liquids and 011/Gas primarily aromatics.

Projected required selling prices to achieve a 127% DCF using a 657 debt, 9%
interest case are about $15.25 and $12.00 per equivalent barrel. A second
order assessment of possible product sales values has led to the conclusion
that DCF's of the order of 20% might be achleved; this is presented to
1llustrate the incentive to produce and test enough of the synfuels to
determine thelr market values.

Projections of possible costs for hydrotreating a 0.4% sulfur 0il/Gas fuel
0il to reduce its sulfur content have been presented. Results indicate that
reducing the sulfur content to 0.1% would add an incremental $500 million to
the fixed capital investment and reduce the quantity of fuel oil by about

6 percent while increasing the quantities of LPG's and naphtha. A further
result is a 15 percent increase in the average required product selling price
(RPSP). The average RPSP at this sulfur level is projected to be about 90%
of the nil sulfur F-T RPSP. At 98% sulfur reduction in 0il/Gas fuel oil, the
RPSP's are about equal. Limited information is available for this hydro-
treating step. An incentive exists to develop a firm basis for design and
prediction of economics.

Fischer-Tropsch and 011/Gas coal conversion technologies each offer different
advantages and potential problems to be overcome. They must be considered
candidates for any future synfuels—-from-coal programs.
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- SNG 3,940 TPD
COAL (2.7% MOISTURE)
35,670 TPD PROPANE LPG 530 TPD
-
BUTANE LPG 410 TPD
NAPHTHA 1,280 TPD
FUEL OIL 11,310 TPO
OXYGEN 4,500 TPD OIL/GAS SULFUR 1,250 TPD
o PROCESS
UNITS
AMMONIA 90 TPD
WATER 57,750 TPD
SLAG 4,210 TPD
WASTE GAS (CO,, et al.) 22,950 TPD
WATER LOSSES 51,950 TPD
ol

TOTAL IN = QUT 97.920 TPO
ALL FIGURES iN SHORT TONS

Figure 4 - Overall Material Balance
Qiil/Gas Plant
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CLEAN COAL

SNG

7258

PROCESS UNITS

PROPANE LPG
958

BUTANE LPG
721

OXYGEN PLANT

NAPHTHA
——eedp|  FUEL GAS PRGDUCTION
36,040

a
2288 7

FUELOIL
STEAM AND POWER —
GENERATION 283

SULFUR ,
a06

SULFUR REMOVAL

AMMONIA
7

ALL FIGURES ARE MM BTU/HR, HHV

q 4 1
THERMAL EFFICIENCY = 7,254 + 958+ 721+ ;62:204' 16,283 + 406 + 7

=77.6%

Figure 5 - Thermal Efficiency, Oil/Gas Plant
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COAL

AlIR

WATER

TOTAL

VENT GASES 128,655 TPD
30.000 TPD PRODUCTS 13.600 TPD >
: » - .
SNG 6,590 TPD .
Butanes 340 TPD
Naphthas 2,380 TPD
[43 Oxygenates 455 TPD
PROCESS Diesel Fuel 2,105 TPD
Premium
105,890 TPD Fuel Oif 715 TPD
Sulfur 1,015 TPD
UNITS
8,925 TPD
INTERNAL CONSUMPTION 210 TPD
2
Acids to
inplant Disposal 45 TPD
Miscellaneous 165 TPD
SLAG 2,350 TPD
144,815 TPD 144,815 TPD

Figure 8 - Overall Material Balance
Fischer-Tropsch Ptant



SNG

PROCESS UNITS

COAL PREPARATION

267.78

L1QUID PRODUCTS

SULFUR REMOVAL

AND COAL MINE 237.56
COAL
783
OXYGEN PLANT
SULFUR b
8.09

ALL FIGURES ARE MMM BTU/D, HHV

267.78 + 237.56 + 8.09 + 11.43

ELECTRICAL POWER FOR SALE b
11.43

=69.7%

THERMAL EFFICIENCY =

Figure 9 - Thermal Efficiency
Fischer-Tropsch Plant
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REQUIRED SELLING PRICE
(PERCENTAGE OF 12% DCF CASE)

150

100

o
o

6 12 18
DCF RATE OF RETURN (%)

Figure 10 - Sensitivity of Required Product
Selling Price to DCF, 65% Debt Case
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B/D — NAPHTHA OR LPG

P FUEL OIL _

20000 -
15,000 \
;k\_
—— | SNG
10,000 NAPHTHA ]
l
\\h\ﬂ"f LPG

\ —

M08~ —~— PROPANE LPG
0
0 0.1 0.2 0.3 0.4 05

SULFUR IN FUEL OWL (%)

Figure 11 - Projected Product Distribution
Product Yield vs. Fuel Oif Sulfur Content
Qil/Gas Plant
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HYDROGEN CONSUMPTION (SCF/Bbl 0.4% SULFUR FEED)

4,000

3,000

2,000

AN

1,000

\\

0.1 0.2 0.3 0.4 0.5

SULFUR IN FUEL OIL (%)

Figure 12 - Projected Hydrogen Consumption
Hydrogen Consumed vs. Fuel Oil Sulfur Content
Oil/Gas Plant
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Table I. Comparison of Projected Product Characteristics

Product

Projected Chqyacteristics

Fischer-Tropsch

0il/Gas

SNG

C3 LPG

Full Range Naphtha

Light Naphtha

Heavy Naphtha

Diesel Fuel

Fuel 0il

Pipeline Quality

Mixed Butane - Butylene
37 psia Vapor Pressure

Nil Sulfur
185°F ASTM EP
85.59API Gravity

Nil Sulfur
300°F ASTM EP
71.3 API Gravity

57°API Gravity

60 plus Cetane Number
Nil Sulfur, Nil
Nitrogen

41°API Gravity

Nil Sulfur

Higher Heating Value:
19,900 Btu/1b

Pipeline Quality

Propane
210 psia Vapor
Pressure

Mixed Propane-
Butane, 70 psia
Vapor Pressure

500 API Gravity
Cs to 380°F ASTM
EP High Naphthene

-8.2°API Gravity
0.4 wt % Sulfur
Higher Heating
Value: 17,200
Btu/1b

.‘
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Table II. Comparison of Fixed Capital Investments (FCI) for
Fischer-Tropsch and 0il/Gas Complexes
Barrels Fuel 0il Equivalent/Day (BPOE/D): F-T = 86,000
0/G = 110,000
Fischer-Tropsch 0il/Gas
Description $ Millions $ Millions
Mine and Coal Preparation
Mine 175.6 211.6
Coal Preparation 22.0 30.0
Coal Storage 11.2 13.0
Crushing and Drying 13.0 15.1
Subtotal 221.8 269.7
Conversion
Fischer-Tropsch Synthesis 204.6 -~
Oil Recovery and Fractionation 30.5 -
Chemical Recovery 15.9 --
Slurry and Dissolving -- 216.8
Filtration -- 42.0
Listillation -- 3.6
Dissolver Acid Gas Removal - 20.3
Subtotal 251.0 310.7
Process Gas Praduction
Gasification 37.3 45.4
Heat Rec. and Part. Removal 151.2 --
Acid Gas Renmoval 100.3 47.7
Shift 18.9 59.5
Power Generation 119.6 36.8
Subtotal 427.3
SNG Separation and Treatment
Methanation 60.6 0.5
SNG and LPG Treating - 18.3
Subtotal 60.6 48.9
Product Finishing
Suifur Plaant 22.1 15.4
Naphtha Hydrogenation .- 9.2
Subtotal 2.1 24.6
Utilities
Oxygen Plant 305.3 90.2
Instrument and Plant Air 3.6 2.4
Potable and Sanitary Water 0.4
Raw Nater System 23.8 --
Fuel Gas Gasify -- 71.2
Fuel Cas Acid Gas Removal -- 7.9
Raw Water Treatiny - 16.5
Subtotal 198.2
Enviromaental and Ceneral
Facilities
General Facilities 37.2
Water Reclaiming s
Effluent Water Trearing 5.5
Pzoduct Storage 3.2
Sour Water Stripping 5.9
Subtoral 84.1 30.8
Total Constructed Cost 1,420.0 1,172.3
Hone Office Costs 140.2 117.2
Sales Tax 28.1 23.5
Tortal Fixed Capital Iavestment (FCI) 1,570.3 lm
FC1/(BPOE/D) 18,250 11,950
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Table III. Comparison of Relative Fixed Capital Investments of
Fischer-Tropsch and 0il/Gas by Unit
Ratio of Fischer-Tropsch to 0il/Gas
Description Fixed Capital Investment FCI/BOE
Mining § Coal Preparation 0.82 1.05
Conversion 0.81 1.03
Process Gas Production 1.78 2.28
SNG Separatién § Treatment 1.24 1.58
Product Finishing 0.90 1.15
Utilities 1.69 2.16
Environmental § General Facilities 1.04 1.33
Total 1.19 1.53
Table IV. Comparison of Projected Total Capital Requirements for

Fischer-Tropsch and 0il/Gas Complexes

Fischer-Tropsch 0il/Gas Ratio
Item $ MM $ MM F-T - 0/6G
Fixed Capital Investment 1550 1300 1.19
Initial Catalyst § Chemicals 11 9 1.22
Start-Up Costs 110 86 1.28
Construction Financinga 212 188 1.13
Working Capital 113 107 1.06
Land, Rights of Way 1 _1 1.00
TOTAL 1997 1691 1.18
Say 2000 1700

a) Example:
case.

For 65/35 debt/equity, 9% interest, 0.

75% commitment fee
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Table V. Comparison of Projected Annual Operating Costs for
Fischer-Tropsch and 0il/Gas Complexes

Annual Operating Costs - $MM

Cost Center Fischer-Tropsch 0il/Gas
.

Coal Mine 84.5 104.2

Coal Prepartion 2.3 3.2

Process Plant 101.5 84.4

Power Plant 7.7 --

0ffsites 7.8 14.4

TOTAL 203.8 206.2

Say 205 205
Table VI. Comparison of Projected Average Required

Product Selling

Price at 12% DCF

Required Average Product Selling
Price in Dollars per Million BTU

Project Financial Ratio
Structure Fischer-Tropsch 0il/Gas F-T - 0/G
100% Equity 3.30 2.50 1.32
65/35 Debt/Equity 2.55 1.95 1.28
Breakeven 1.50 1.20 1.20
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Table VII.

Sensitivities of Average Required Product Selling

Price to Key Economic Parameters

Sensitivity of Average RPSD, %

Fischer-Tropsch 0il/Gas
Economic Parameter 100% Equity | 65% Debt | 100% Equity | 65% Debt
Fixed Capital Investment 87 81 82 78
Operating Costs 15 19 21 27
Run of Mine Coal Costs 21 25 30 34
Table VIII. Possible Product Sales Values for
Fischer-Tropsch Complex
Daily Possible Unit Sales |Annual Gross Revenue
Product Production Value in Dollars in § Million
SNG 260.0 MMscfd 4.25/Mcf 362.8
Liquids
C4s 3,535 BPD 12.00/bbl 14.0
Naphthas
Light 10,620 BPD 15.50/bbl 54.3
Heavy 9,555 BPD 17.00/bbl 53.6
Alcohols 3,910 BPD 25.00/bbl 32.3
Diesel Fuel 16,960 BPD 14.50/bbl 79.9
Premium Fuel 0il| 4,960 BPD 15.00/bbl 24.5
241.6
Power 3,352 MW/hr 0.03/kW-hr 33.2
Total Energy 651.6
Sulfur 1,015 Ton 60/ ton 20.1
Total 671.7
4th Qtr. 1975
Escalation 60.5
(9% from 4th
Qtr. 1975 to
4th Qtr. 1976)
Total
4th Qtr. 1976 732.2
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Table IX.

for 0il/Gas Complex

Possible Product Sales Values

Daily Possible Unit Sales | Annual Gross Revenue
Product Production Value in Dollars in § Million
SNG 170 MMscfd 4.25/Mcf 238.425
Propane 6,030 BPD 11.00/bbl 21.890
Butane 4,100 BPD 12.00/bbl 16.235
Naphthas 9,400 BPD 15.50/bbl 48.080
Fuel 0il 56,400 BPD 9.75/bbl 181.470
Total Energy 506.100
Sulfur 118 LT/D 60/ ton 2.335
Ammonia 90 ST/D 120/ton 5.565
Total
4th Qtr. 1975 514.000
Escalation 46.000
(9% from 4th
Qtr. 1975 to
4th Qtr. 1976)
Total 560.000
4th Qtr. 1976 =
Table X. DCF's for Possible Product Revenues
DCF
Project Financial
Structure Fischer-Tropsch 0il/Gas
100% Equity 17 13
65/35 Debt/Equity 27 20
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COSTS OF SOLIDS-LIQUIDS SEPARATION METHODS IN COAL LIQUEFACTION

Kenneth Migut and Stanley Kasper

Dravo Corporation
One Oliver Plaza
Pittsburgh, PA 15222

One of the major process steps in the conversion of coal to oil is the separation
of the residual char or ash from the product liquid. Internal studies by Dravo have
shown the cost of such separations to vary from 5 to 20% of the total produyct oil
cost, Estimates of cost of coal derived oil range from $15 to $25 per bbl and
upward providing a high incentive to recover a maximum of the oil associated with
solids. Furthermore, the solids content of the product oil must not exceed .1%

by weight if the oil is to be used as fuel so that the users can burn it without
installing precipitators on their flue gas stacks. Also, if the oils are to be hy-
drotreated, solids levels less than 0.1 percent are required since fines from cata-
lyst attrition would combine with residual solids and cause the final product to
exceed this residual solids specificaton(l). Because of this separation specifica-
tion, the severe operating conditions, and the propensity for plugging, coking, etc.,
the number of reliable process schemes is rather limited,

Dravo selected a typical liquefaction process, generally similar to Synthoil, and
examined a number of solids removal systems in an attempt to find a reliable, cost
effective scheme.

In the selected liquefaction process, part of the liquid product is recycled and

used to slurry the coal feed to the liquefaction reactor. This feed slurry can
utilize a recycle stream which has been treated to reduce its solids content from 12
to 6 weight percent. This is accomplished in a bank of hydroclones. The hydroclone
feed, at 400 psig and 560°F, is split into two streams - the overheads, which is re-—
cycled to the feed preparation system, and the bottoms, which exits at 15 weight per-
cent solids and 240 psig. This stream must now be treated further.

Several methods of secondary separation were investigated. Tests on hydroclones and
centrifuges have not demonstrated the required solids removal efficiencies. Precoat
filtration, on the other hand, has been successfully tested(z)._ The high rates ob-
tained when filtering the o0ils produced in this selected process, when compared to
SRC and COED filtration rate data, increases the attractiveness of filtration. This
high rate is due in part to the comparatively large amount of hydrogen consumed in
the liquefaction reactor, resulting in a lower viscosity of the product oil. A pre~
liminary screening indicated that filtration at these higher rates is comparable to
other separation methods on a capital cost basis(1). For these reasons, it was de-
cided to include pressure precoat filtration in the economic tradeoff analysis.

Secondary separation can also be carried out by feeding the hydroclone bottoms to
the base of the product fractionator. Proper baffling should produce a sufficient-
ly tortuous path to allow most of the solids to remain in the bottoms. This is not
unlike the oil absorption tests run on COED oils, in which the majority of the
solids carryover was removed in the first contact stage (bottoms), while the remain-
ing, lighter fractions were recovered relatively solids-free 3.

As mentioned earlier, economics dictate that essentially all the oil be recovered
from the sludge produced in the secondary separation step. The oil contained in the
sludge amounts to about 20% of the production rate. Some o0il diffuses into the ex-
traction solid (char) pores and remains there through capillary action. Solvent ex-
traction or heat treatment is required to recover this 0i1(4). Solvent extraction

is currently in the development stage and requires an extra separation step . Low
pressure fluid bed dryers similar tothose used in Project Gasoline were chosen as a
viable method of effecting complete separation. 0il loss by coking is estimated at
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4 percent of the oil fed to the dryer. The recovered char is pneumatically con-
veyed to a gasifier and used as hydrogen production feedstock.

Three alternate separation systems were decided on as a result of this initial
screening. Case 1 (Figure 1) employs a hydroclone-rotary pressure precoat filter-
fluid bed dryer solids separation sequence. The filter feed is at 200 psig and
500°F. In Case 2 (Figure 2), the filtering step is eliminated, increasing the cap-
acity of the fluid bed dryer equipment. 1In Case 3 (Figure 3), the hydroclone under-
flow is fed directly to the base of the fractiomator, which is baffled for the
removal of the solids with the bottoms. The final liquid-solids separation, as pre-
viously stated, is carried out in the fluid bed dryer section. To keep the cost
comparison on a consistent base, fractionation charges were included for all three
cases.

Solids separation costs for this 50,000 Bbl/day facility were calculated by the Dis-
counted Cash Flow method, using the following basis: 20-year project life, l6-year
sum-of-the-years-digits depreciation on total Plant Investment, 100 percent equity
capital, 12 percent DCF return rate, and 48 percent federal income tax rate .

In addition, the following unit costs were employed in determining the annual oper-
ating costs:

Low Pressure Steam $2.30/MM Btu

Medium Pressure Steam $2.50/MM Btu

Process Water $ .40/M Gal

Cooling Water $ .03/M Gal

Electric Power $ .025/KW/HR

Fuel Gas $3.50/MM Btu

Operating Labor $15,000/man/year

Maintenance Charges 3% of total installed cost for oil

absorption and fractionation areas
6% of total installed cost for hydro-
clone, fluid bed dryer, and drum
filter areas
The following results were obtained:

CASE T CASE 2 CASE 3
Installed Cost, $M
Hydroclone Area 16021 16021 16021
Drum Filter Area 25039 ——— ~—-
Fluid Bed Dryer Area 13002 39332 15665
0il Absorption Area 2321 5635 2702
Fractionation Area 12908 12908 13153
Total Installed Cost, $M 69291 73896 47541
Annual Operating Cost $M/yr 25100 43566 21718
Total Separation Charges, $/BBL 2.66 3.83 2.14

The results show Case 3 to be the least costly separations method. This seems
reasonable since two operations, secondary solids separatioh and fractionation,

are combined. Case 1 is somewhat more expensive, and would be more competitive if
a higher filtration rate could be obtained. Case 2, however, is much more costly
than either of the other alternates. This is mainly due to the higher capital costs
required in the Fluid Bed Dryer area and the accompanying large increase in fuel gas
usage.

In summary, the most economical of the liquid-solids separations methods analyzed
appears to be Case 3, the combined secondary separation-fractionation alternate.
Pilot tests would be recommended prior to including this system as part of a com-
mercial facility.
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OPERATING COST SUMMARY CASE T

CATALYSTS AND CHEMICALS - Filter Aid
UTILITIES ~ Steam

Process Water

Cooling Water

Electric Power

Fuel Gas
LABOR Operating

Maintenance

Supervision
ADMINISTRATION AND GENERAL OVERHEAD
SUPPLIES ~ Operating

Maintenance
LOCAL TAXES AND INSURANCE
TOTAL GROSS OPERATING COSTS
TOTAL NET OPERATING COSTS

OPERATING COST SUMMARY

UTILITIES - Steam
Process Water
Cooling Water
Electric Power
Fuel Gas
LABOR Operating
Maintenance
Supervisory
ADMINISTRATION AND GENERAL OVERHEAD
SUPPLIES - Operating
Maintenance
LOCAL TAXES AND INSURANCE
TOTAL GROSS OPERATING COSTS
TOTAL NET OPERATING COSTS

OPERATING COST SUMMARY

UTILITIES -.Steam

Process Water

Cooling Water

Electric Power

Fuel Gas
LABOR Operating
T Maintenance

Supervision
ADMINISTRATION AND GENERAL OVERHEAD

SUPPLIES Operating

Maintenance
LOCAL TAXES AND INSURANCE
TOTAL GROSS OPERATING COSTS
TOTAL NET OPERATING COSTS
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$M/YR

676
2,154
211
317
1,493
11,304
600
2,220
564
2,030
180
1,480
1,871
25,100
25,100

$M/YR

1,649
359
540

2,818

29,389
360

2,326
537

1,934

1,551

1,995
43,566
43,566

$M/YR
1,649
199
299

12,844
360
1,426
357
1,286

951
1,284
21,718
21,718
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REGIONAL AND FEEDSTOCK EFFECTS ON ECONOMICS OF
INTEGRATED COAL GASIFICATION/POWER PLANT SYSTEMS

Y. K. ABEN AND C. A. BOLEZ

Gilbert/Commonwealth
P. O. Box 1498
Reading, Pennsylvania 19603

INTRODUCTIiON

Coal's major role in alleviating our energy shortage depends on our ability to derive
clean fuels from it., Low and medium Btu gas from coal can be important industrial and
utility fuels. We are presenting the results of an investigation into how competitive
these coal derived fuels. are for power generation. Coal gasifiers integrated with
either combined cycle or conventional steam cycle power plants are compared with
conventional coal fired power plants with and without flue gas desulfurization (FGD).

The geographical areas selected for study purposes are two National Electric Reliability
Council (NERC) Regions-the Chicago area (MAIN Region) and the New England Area (NPCC
Region). In the MAIN region, the high sulfur coals studied were Illinois No. 6, an
eastern coal, and Rosebud, a western coal. The low sulfur coals studied were Stockton,
West Virginia, eastern coal and Wyodak western coal. The same coals were used for the
NPCC region except that Middle Kittanning coal was the representative high sulfur
eastern coal. The characteristics of coal selected are summarized in Table 1.(1)

BASIS OF POWER PLANT DESIGN

800 Mw is the base load unit size in this study. Capacity factor is 70%. Coal storage
and handling facilities provide capacity for 60 days onsite storage.

For a combined cycle base load unit, the study case plant contained four 200 Mw modules,
each consisting of a gas turbine, heat recovery boiler, steam turbine, and generator.

The fixed capital costs for all power plant configurations and fixed operating costs
for the two conventional power plant technologies are summarized in Table 2. The fixed

operating costs for the integrated cases are discussed in a separate section.

GASIFIER SELECTION

Selection Criteria

Although gasifiers differ in many ways, they are generally classified according to coal
flow within the reactor. In a fixed-bed gasifier, the steam required for grate cooling
and for preventing clinker formation is greater than the amount of steam required for
the gasification reaction, thereby lowering the overall thermal efficiency in
gasification. In addition, due to the large coal particle sizes and the moderate
temperature involved, the fixed-bed gasification rates are low, and solid residence
times of one to two hours are required. These gasifiers, however, have excellent
turndown capabilities.

in a fluidized bed, the upward flow of gas is at a velocity slightly above that required
to merely support the coal. The relatively short coal residence time (20 to 40 min.)
results in a lower operating efficiency than for the fixed bed. Increasing the thermal
efficiency requires increasing the coal residence time by using multistage beds to
obtain the countercurrent conditions.

56

X

s/

- -]

-r



.'
N

<

-’??_ ‘-:"\:{l-’ -

P

g

'
~

_ -

N
-

TABLE 1.

Proximate Analysis: %

High Sulfur Coal

Characteristics of Coals Selected

Low Sulfur Coal

Moisture
Volatile Matter
Fixed Carbon
Ash

Total

Ultimate Analysis: %

Hydrogen
Carbon
Nitrogen
Oxygen
Sulfur
Ash

Total

HHV, Btu/ib

Ash Fusibility, °F

Initial
Softening
Fluid

In an entrained bed, the raw coal fed into the unit is transported by the velocity of

IT1inois No. 6 Rosebud Mid-Kittaning Stockton Wyodak
9.7 9.8 3.3 3.0 29.5
36.6 35.2 30.1 34.9 30.1
42.2 46.7 57.5 54.3 33.9
11.5 8.3 9.1 7.8 6.5
100.0 100.0 100.0 100.0 100.0
5.3 5.2 5.2 5.2 7.3
63.4 60.8 75.3 75.4 45.7
1.4 0.9 1.3 1.4 1.1
13.9 22.8 6.9 9.6 39.0
4.5 2.0 2.2 0.6 0.4
11.5 8.3 9.1 7.8 6.5
100.0 100.0 100.0 100.0 100.0
11,605 10,379 13,282 13,084 8,167
2,330 2,010 2,020 2,910+ 2,163
2,430 2,060 2,080 2,910+ 2,223
2,590 2,110 2,210 2,910+ 2,250

the gas. The extent of coal conversion to gas is limited by the short solid residence

time of less than ten seconds.

to maintain high thermal efficiency, a multistage countercurrent unit is desired.

For application to power plants of both conventional and combined cycle type, a
gasification process with a high throughput and a high degree of reliability is
desirable. Gasifier turndown capability is of less importance for base load units.
a combined cycle, high pressure gasifiers are desirable, whereas low pressure gasifiers
are satisfactory for conventional cycles.

In order to achieve essentially complete conversion and

In

A review of gasifier specifications indicates that an entrained-bed gasifier meets the
criteria, 1.e., pressurized, single stage for combined cycle applications and low
pressure, two-stage for conventional cycle power plant applications.
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A

Fuel Characteristics

The different gasification processes produce variations in raw or clean gas composition.
However, for a given gasification process, experimental data using various coal feeds,
ranging from bituminous to lignite, indicate that the characteristics of clean or raw
gas composition are almost independent of types of coal employed. For example, the raw
gas composition from low pressure two~stage, oxygen-blown, entrained-bed gasifiers does
not vary greatly when fed with bituminous, subbituminous or lignite ). For the present
study, therefore, it is assumed that the product gas composition from a selected
gasifier is independent of the type of coal feed. Typical fuel characteristics for low
and medium Btu gas obtained from an entrained gasifier are presented in Table 3.

Process Description

Simplified block flow diagrams of the integrated gasification/conventional boiler and
combined cycle plants are shown in Figures 1 and 2, respectively. Since the entrained-
bed gasifier was selected for the applications of both power plant configurations, the
gasification process description presented is valid for both power plant applicationms.

In the entrained-bed gasifier, prepared, pulverized coal is fed to the gasifier along
with steam and oxygen/air. Low pressure steam for the gasifier reaction is produced in
the gasifier cooling jacket. Raw gas at 2700°F is usually water quenched and then
passed through a waste heat boiler. The gas is cooled in a venturi scrubbing system
and sent to a suitable desulfurization system. The clean product gas is then sent to
the fuel ports of the steam generator (boiler). A balanced-draft, tangentially-fired,
controlled circulation steam generator is used to burn the clean, low or medium Btu
gas.

For the combined cycle facility, compressed air and cleaned fuel gas are fired in the
combustion chamber of the gas turbine, The hot combustion gases are then expanded
through the turbine to generate electrical power. The exhaust from the gas turbine is
used further to generate high préssure steam in an unfired boiler before being sent to
the stack. The high pressure steam drives the steam turbine to generate additional
electric power.

BASIS OF INTEGRATED GASIFiER/POWER PLANT SYSTEM DESIGN

The performance of various gasifier and gasification system configurations as applied
to the production and utilization of low and medium Btu gas was evaluated by examining
the effect of gasification parameters on thermal efficiency for a given coal.
Subsequently, the effect of varying coal feed on thermal efficiency/performance was
estimated based on consideration of key constituents in the coal, i.e., moisture,
sulfur, oxygen, and ash.

Effect of Gasification Parameters on Thermal Efficiency

The gasification parameters affecting thermal efficiency are oxidizing medium (air
versus oxygen), pressure, and number of gasifier stages. A gasification system, which
utilizes relatively pure oxygen for partial combustion of the coal to supply heat for
the endothermic steam-carbon gasification reaction, usually has a higher thermal
efficiency than if air were the oxidant. For the pressure effect, as the operating
pressure increases, the driving force for the exothermic hydrogen-carbon reaction
reduces the amount of oxidation required, thereby increasing the heating value of the
gas produceéd and increasing the thermal efficiency. A two-stage, entrained-bed gasifier
can reduce thermal losses by gasifying char produced in the low temperature stage

(about 1800° F) in a high ‘temperature stage. The gas from the high temperature stage
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TABLE 3. TYPICAL FUEL CHARACTERISTICS FOR LOW AND MEDIUM-BTU GAS

Low-Btu Gas Medium-Btu Gas
Low Pressure Low Pressure Pressurized
Entrained Bed Entrained Bed Entrained Bed
Clean Gas Composition
% Dry)
co 22.24 52.73 29.54
H2 17.18 36.13 32.36
CO2 7.02 10.04 21.67
CH4 0.03 - 15,83
N2 53.53 1.10 0.60
Total 100.00 100.00 100.00
HHV: Btu/LB 120-130 280-290 358
Stoichiometry 1.05 3.03 4.02
Combustion Air,
Lb/LB Fuel

provides the heat for the coal feed stage. The two-stage, entrained-bed gasifier thus
avoids the high coal combustion requirement that a single-stage, entrained-bed gasifier
has (2700° to 3300° F).

Performance data for the gasification systems considered for power generation are
presented in Table 4. The tabulation represents a combination of published data and
engineering judgement applied in accordance with the effective system parameters
outlined above. The hot and cold gas efficiencies for low pressure, single-stage,
oxygen-blown, entrained-bed gasifiers( (Case 3) and the low pressure, two-stage, air-
blown, entrained-bed gasifier(a) (Case 4) were obtained from published data. The
efficiencies for Cases 1 and 2 were determined by taking into account pressure effects,
i.e., increase of the thermal efficiencies by 1% for high pressure operation.

For producing electricity, when gasifiers are integrated with either a conventional or
combined cycle power plant, the net station system efficiency is higher than the cold
low or medium Btu gas efficiency but lower than the hot gas efficiency. Auxiliary
power produced in the power plant and sensible heat recovered during the gas cleanup
can be used as a part of the gasification system energy requirement. In general,
integrating a gasification system with a power plant, will improve the efficiency of
heat recovery and provide opportunities to optimize the overall cycle.

Integration of gasifiers with the combined cycle plant provides higher gasifier system
efficiency than those with conventional power plants because of increased potential for
cycle optimization. Additionally, for integration with the same power plant
configuration, medium Btu gas provides a higher gasifier system efficiency than low Btu
gas.
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Case

Type
Gasifier
Oxidant

Coal Type
Gasifier Eff.

Hot Gas, % (
Cold Gas, %

Table 4.

)
b)

Gasif. System £ff.%(c)

Power Plant Eff.%(C)

Conventional

Cycle

Combined Cycle

Integrated Gasifier/
Power Plant Eff., % d)

(a)

% = HHV of gas @ gasifier exit temp. + sensible heat @ gasifier exit temp. X 100.°

Hot gas efficiency,

Thermal Efficiency Of Gasification Systems

Med.-Btu Low-Btu Med.-Btu Low-Btu
Integ. Integ. Inteq. Integ.
w/Base C.C. w/Base C.C. w/Conv. Base w/Conv. Base
1 2 3 4

Pressurized Pressurized L.P. L.P.
Entrained Entrained Entrained Entrained
Single Stage Two Stage Single Stage Two Stage
0, Air 0y Air

111. 6 Bit. Ky. Bit. I11. 6 Bit. Ky. Bit.
92 93 91 92

76 77 75 76

84.0 81.5 80.0 77.5

N/A N/A 36.0 36.0

38.5 38.5 N/A N/A

32.3 31.4 28.8 27.9

(b)Cold gas efficiency,

¢ = HHV of gas (after tar, o0il,- NH3, HpS have been removed) X 100.

HHV of coal fed to gasifier

(c)

HHV of coal fed to gasifier

GAI estimate.

(d)Product of gasifier system efficiency and power plant efficiency.
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In determining overall plant efficiencies for all the integrated cases, power plant
efficiencies of 36.0% and 38.5% were used for conventional and combined cycle power
plants, respectively,

Effect of Coal Feed on Thermal Efficiency

In order to facilitate an economic evaluation of alternatives, it was necessary to
determine the effect of coal feed variation on the thermal efficiencies of the
gasification systems and overall plants.

The key constituents of coal, which were considered in estimating the thermal
efficiencies of a given process when fed with alternative coals, are moisture, sulfur,
oxygen and ash.

a. Moisture - Coal must be dry to about 3% moisture. The effect of moisture
on gasifier system efficiency was determined by using a heat requirement
of 1,000 Btu per pound of moisture.

b. Sulfur - The gasifier system efficiency increases with decreasing sulfur
content of coal. The effect of sulfur on efficiency was estimated by
using the heating value of elemental sulfur.

c. Oxygen - Highly reactive coals can be gasified at relatively lower temperatures
than coals of low oxygen content. The low gasifier temperature requires less
carbon combustion and increases thermal efficiency.

d. Ash - As the ash content of coal increases, the amount of energy required in the
coal preparation section for the dryer and pulverizer increases. Additionally,
the energy losses in the gasifier system also increase with increasing ash content
because increased power is required to feed the coal and some sensible heat is
lost with ash leaving the gasifier.

The overall effect on thermal efficiency of these coal constituents was established for
each coal in the study as a variance from the efficiency of thé base coal. Typical
results for variations in the gasifier system efficiencies from the based coal are
summarized in Table 5.

ECONOMICS OF INTEGRATED SYSTEMS

Fixed Capital and Operating Costs

The base, fixed capital costs for all four integrated cases were estimated by adjusting
published data to establish compatibility between the performance as proposed in

the reference and that required to produce a desired fuel. The base, fixed operation
and maintenance labor cost was estimated from a Combustion Engineering study . The
published data was adjusted using a power factor on electric generation capacity from

a Fluor-Utah study 6). The estimated base, fixed capital and operating costs are
summarized in Table 6.

After the fixed capital and operating costs of each gasification system for base coals
were established, the costs of each system when fed with alternative coals were
determined using the calculated coal fuel rates, regional factors, and the scale
factors required to adjust each cost element to compensate for the alternate coal feed.
The fixed capital and operating costs for all cases considered are tabulated in Table 7.

63




Medium-Btu Gas
Integrated With
Combined Cycle

Low-Btu Gas
Integrated With
Combined Cycle

Medium-Btu Gas
Integrated With
Conventional Cycle

Low-Btu Gas
Integrated With
Conventional Cycle

TABLE 5.

GASIFICATION SYSTEM

EFFICIENCIES FOR ALTERNATIVE COALS

BASE ILLINOIS MIDDLE

COAL NO. 6 ROSEBUD KITTANING STOCKTON WYODAK

84.0 84.0 84.0 88.0 90.0 84.0
(I1linois 6)

81.5 81.5 83.5 85.5 87.5 81.5
(Kentucky 9)

80.0 80.0 82.0 84.0 86.0 80.0
(ITlinois 6)

77.5 77.5 79.5 81.5 83.5 77.5
(Kentucky 9)
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TABLE 8. Financial Parameters Used to
Develop Power Generation Cost

Plant Life 20 Years
Depreciation (Based on Total Capital 5%/Year Straight Line
Less Working Capital)
Fraction Debt 0.75
Return on Equity 15%/Year
Interest on Debt 12%/Year
Load Factor 70%
Working Capital Coal Inventory for 60 Days

and 1% of Fixed Capital Cost

Interest During Construction Interest on Debt x Total
: Fixed Capital x 2

Federal Income Tax Rate 48%

Development of Power Generation Cost

The fixed capital and operating costs summarized in Tables 2 and 7 were used to develop
power generation cost; the utility financing method was used with the financial
parameters summarized in Table 8. The power generation costs calculated are summarized
in Table 9 together with the delivered coal cost.

CONCLUSIONS

Referring to Table 9, the following conclusions were observed:

L.

The western coals (both high and low sulfur) in the load center sites of the
NPCC region are not competitive with eastern coals, whereas the western
coals are competitive with the eastern coals in the MAIN region.

In the MAIN region, both eastern and western high sulfur coals are competitive
with low sulfur coals. In the NPCC region, however, the eastern high sulfur
coal appears to be more attrative than the eastern low sulfur coals.

integrated conventional plants in both regions for all coals are not competitive

with the two conventional power plants using high sulfur coal with FGD and low
sulfur without FGD.

Integrated combined cycle plants using the eastern high sulfur coal in the NPCC
region are more attractive than the two conventiomal power plants.

in the MAIN region, the integrated combined cycle plants are either better than

or comparable to the high sulfur coal fired plants with FGD, whereas they are
not competitive with the low sulfur coal fired plants without FGD.
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All observations were based on the fixed delivered coal cost. 1In order to determine
coal cost situations where the integrated combined cycle plants in the MAIN region
would be competitive with low sulfur conventional coal fired plants without FGD, the
sensitivity of the integrated of the plant generation cost to coal cost is analyzed, as
shown in Figure 3. The lowest power generation cost in the main region was 2.75l¢ per
kilowatt hour for Wyodak coal without FGD. Figure 3 indicates that for medium Btu gas
integrated with a combined cycle power plant, the delivered coal prices would have to
be $15.00, $12.50 & $25.00 per ton of Illinois No. 6, Rosebud, and Stockton coals
respectively to be competitive with the Wyodak coal fired without FGD. The study was
intended solely to demonstrate how the selection of coal feedstocks and regions effect
the power generation costs for various configurations.
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HIGH- AND LOW-Btu GAS FROM MONTANA
SUBBLITUMINOUS COAL

J. L. Arora
K. B. Burnham
C. L. Tsaros

Institute of Gas Technology
Chicago, Illinois 60616
U.S.A,

INTRODUCTION

Two coal gasification processes are under development at IGT. Theg HYGAS

Process has been developed for high-Btu gas (SNG) from coal; the U-GAS  Process,

a much simpler system, has been developed for low-Btu gas. This paper describes
the application of these gasifiers for different objectives and compares process
and economic characteristics. HYGAS and U-GAS reactor systems are compared for the
manufacture of pipeline gas, and the U-GAS Process is analyzed as an advantageous
source of low-Btu gas. Three process designs and their economics for manufacturing
a nominal amount of 240 billion Btu/day of product gas are discussed. The designs
are based on the conversion of Montana subbituminous coal, whose analysis is given
in Table 1. Because the coal is nonagglomerating, pretreatment is not required.

Table 1. MONTANA SUBBITUMINOUS COAL

Proximate Analysis Weight Pergent
Moisture 22,0
Volatile Matter 29.4
Fixed Carbon 42,6
Ash 6.0

Total 100.0

Ultimate Analysis (Dry)

Carbon 67.70

Hydrogen 4.61
Nitrogen 0.85
Oxygen 18,46
Sulfur 0.66
Ash 7.72
Total 100.00

Dry Heating Value, Btu/lb 11,290
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PROCESS DESIGNS FOR PIPELINE GAS (HIGH-Btu GAS)

Two process designs for the manufacture of 242 billion Btu/day of SNG at 1000
psig from coal have been made: one hased on the HYGAS Process and a similar design
utilizing the U-GAS Process. The capacity was set by an existing design based on
the HYGAS Process. A comparison of the two processes will show any economic benefit
derived from the use of the more complex and costly HYGAS reactor in contrast to the
simpler U-GAS reactor in the manufacture of pipeline gas from coal.

Comparison of the HYGAS and U-GAS Reactors

The HYGAS reactor (hydrogasifier) is designed to maximize direct methane for-
mation by the reaction

Coal + 2H, — CH

) 1

4
This reaction supplies heat for the endothermic reaction also occurring in the
hydrogasifier:

Coal + H,0 = CO + H,. 2)
High pressure in the reactor, 1165 psig in this design, favors the formation of
methane.

Process coal at a rate of 15,996 tons/day is dried to 10% moisture and simul-
taneously ground to below 8 mesh with a maximum of 15% below 100 mesh. The pre-
pared coal is pneumatically conveyed to the slurry preparation section, and a 50%
water slurry is pumped to the hydrogasifier. A fluidized-bed dryer is located at
the top of the vessel, where the slurry water is vaporized in contact with the hot
reactor effluent gases.

The reactor coal feed passes through three zones of conversion: 1) a low-
temperature (1000°F) transport reactor, where the coal is devolatilized and rapid-
rate conversion to methane enriches the product gas; 2) the main fluidized bed at
1700°F, where most of the methane is formed; and 3) the steam—oxygen gasification
zone at 1850°F, where synthesis gas is generated from the hydrogasifier char
according to the endothermic steam decomposition reaction

Char + H20 -~ COo + HZ' 3)
Heat is supplied by partial combustion of the char with oxygen:

c+0_ - COo,. 4
2 2 )
Further generation of hydrogen occurs in zone 2, where the exothermic methane for-
mation reaction supplies heat for the steam decomposition reaction (Reactions 1

and 2).

The U-GAS reactor is a single-stage fluidized-bed gasifier operating at 1900°F
and 335 psig. The reactor is not primarily designed to make methane. To promote
methane formation, where SNG is the desired end product, 18,400 tons/day of coal is
fed into the upper portion of the gasifier onto the fluidized bed. The countercur-
rent flow of hot gases and coal devolatilizes the coal, and some methane is formed,
Reactions 2 and 4 are the major reactions taking place in this system. A lockhopper
coal feed system, which is used commercially at this relatively low pressure level,
is used to feed the coal. Further operating details of the U-GAS system are dis-
cussed in the section on low-Btu gas.
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Raw gas compositions from the two reactors are compared in Table 2. The total
moles per hour is the requirement for 242 billion Btu/day of product gas.

Table 2. COMPOSITION OF RAW GAS FROM GASIFIERS

HYGAS
Hydrogasifier U-GAS
Effluent Raw Gas

mol %

co 20.13 34,18
002 18.65 13.30
HZ 23,68 29.52
HZO 22,68 17.44
CH4 12.86 4,84
CZH6 0.99 -
NH3 0.34 -
HZS 0.19 0.20
N2 + Ar 0.18 0.52
B-T-X 0.30 -
100.00 100.00
Total mol/hr 103,288 126,576

In addition to coal raw material, generation of these gases requires steam and
oxygen. The HYGAS reactor requires 1,003,130 1b/hr of steam at 1200 psig and
1050°F, plus 2999 tons/day of 98% oxygen. The U-GAS reactor requires 670,320 1lb/hr
of steam at 385 psig and 800°F, plus 7986 tons/day of oxygen.

The Manufacture of Pipeline Gas

The raw gases from both reactors require upgrading to pipeline-gas quality.
For the HYGAS plant, the required steps are shown in the flow diagram of Figure 1,
and the compositions of the process flow streams are given in Table 3. Figure 2 and
Table 4 give similar information for the U-GAS plant.

SNG by HYGAS

The effluent gas is cooled by waste heat recovery and cleaned in a venturi
scrubber to remove small particles carried over from the hydrogasifier. The gas is
sent to a CO conversion reactor where the H, /CO ratio is raised to 3.2 or 3.3 in
preparation for methanation. The catalyst Is an oil- and sulfur-resistant, high-
temperature CO conversion catalyst. Steam for this reaction is supplied by vapor-
ized slurry feedwater present in the raw gas.

The B-T-X formed in the hydrogasifier is recovered as a valuable by-product
after CO conversion. 0il scrubbing and activated carbon are used for this operation.
Large amounts of CO, and H_S must be removed from the gas during the upgrading to
pipeline gas quality. Thi§ is done by hot carbonate scrubbing; acid gases leaving
this section are sent to a Stretford unit for sulfur recovery. Final traces of
HZS are removed by activated carbon and zinc oxide beds.
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The purified gas is methanated in a fixed-bed reactor where essentially all the
CO and some of the CO2 are converted by the following reactions:

co + 3H2 CH4 + H,0 5)

0, + 4H, =~ CH, + 2H,0. 6)
Temperature is controlled by recycling the product so as to dilute the CO content
in the feed mixtures to the four reactor stages to about 4%, This limits the maxi-
mum catalyst bed temperature to 900°F. A product gas of 961 Btu/SCF HHV leaves the
plant at 1000 psig.

Water condensate from CO conversion effluent goes through oil-water separation
and a Chevron waste-water treatment process. Stripped gases go to an ammonia re-
covery section where 69 short tons/day are recovered as by-product. Acid gases are
combined with those from the hot carbonate section and sent to the Stretford unit.
The by-product sulfur is 65.3 long tons/day. Total by-product B-T-X recovery is
84,144 gal/day.

SNG by U-GAS

The flow diagram for this process (Figure 2) shows major steps similar to those
for the HYGAS Process. However, there are several important differences.
o
1. Because of the much lower operating pressure, the U-GAS system uses lockhoppers
to feed the dried, ground coal to the reactor instead of slurry feed.

2. We have assumed that ammonia is mot formed, and since the U-GAS reactor does
not make B-T-X, recovery systems for these materials are not required.

3. The steam for CO conversion is generated by adiabatic humidification of the
hot (1700°F) raw gas in the venturi scrubber, recovering heat in cooling to
380°F.

4, Because of the lower gasifier pressure compared with HYGAS (335 vs. 1165 psig)
subsequent compression to 450 psig before acid-gas removal and final product

compression to 1000 psig are required.

Comparison of HYGAS and U-GAS Processes for the Manufacture of Pipeline Gas

Gasifier and process parameters, process energy balances, and efficiencies for
the manufacture of pipeline-quality gas by the HYGAS and U~GAS Processes are shown
in Tables 5, 6, and 7. The utility requirements for each process design were esti-
mated, and complete energy balances were made. Both plants have coal-fired boilers
for steam and power generation,

The gasifier feed quantities are presented in Table 5. The U-GAS reactor con-
sumes about 15% more coal than the HYGAS reactor at equal carbon conversions of
98%. However, the steam requirement for U-GAS is about 67% of that for HYGAS; this
is because the U-GAS reactor operates at 1900°F and HYGAS has reaction zones at 1000°,
1700°, and 1850°F, so the reaction rates are higher. The most significant differ-
ence in gasifier feeds is in the amount of oxygen. The U-GAS reactor requires
7986 tons/day of oxygen, which is about 2.7 times as much as required by the HYGAS
reactor. The proportionately larger U-GAS oxygen plant is one of the major factors
contributing to the greater utility requirements and highexr costs for U-GAS as com-
pared with HYGAS.

Table 6 is a comparison of important process quantities for each design. The
HYGAS reactor operates at over 1000 psig as compared with the 335 psig operating
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Table 6. COMPARISON OF PROCESS QUANTITIES FOR MANUFACTURING

NOMINAL 240 X 109 Btu/DAY HIGH- AND LOW-Btu GAS

FROM MONTANA SUBBITUMINOUS COAL

High-Btu Gas

— HYGAS U-GAS
. Gasifier Pressure, psig 1,165 335
Gasifier Temperature, °F 1,000-1,850 1,700-1,900
. CH[, in Gasifier Effluent, mol/hr 13,288 6,121
R Percent of Product Methane
Made in Gasifier 51 24
’. C2H6 in Gasifier Effluent, mol/hr 1,020 -
A CO + H, in Gasifier Effluent,
mo1 /Br . 45,248 80,635
q CO Shifted, mol/hr 10,246 24,063
. CO2 + HZS + COS Removal, mol/hr 26,723 40,258
CH, Made in Methanator, mol/hr 12,685 19,710
e Total CH4 in Product Gas, mol/hr 25,863 25,823
. , Plant Power Required, kW 101,814 238,172
Plant Electric Motors, kW 46,602 52,523
— Plant Steam or Expansion Turbine
. Drives, equivalent kW 55,212 185,649
o Process Cooling Water, gzpm 36,610 82,662
— Turbine Driver Condenser Cooling
. Water, gpm 29,090 113,305
) Power Plant Cooling Water, gpm 31, 810 31,265
Plant Raw Water Required, gpm 4,275 8,223
‘. Product Gas Heating Value,
g 109 Btu/day 241.5 242.
Product Gas Heating Value,
Btu/SCF 961 937

r.s

Methanation unnecessary for low-Btu gas.

r.< .
—

Expansion turbine.

P-‘ N r-‘ III -~ »I.
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Low-Btu Gas

U-GAS

335
1,700-1,900
5,038

100*

66,363

3,477

4,931
138,107
53,196

4,374"

44,572

31,225
3,115

238.8

320

Ol
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pressure for the U-GAS reactor. Because of the higher operating pressure and the
multistage hydrogasification reaction, HYGAS produces more methane in the reactor:
13,288 mol/hr of CH, and 1,020 mol/hr of ethane as compared with 6,121 mol/hr of
methane for U~GAS, "The amount of methane in the product gas is about the same
(25,800 mol/hr) for both designs. However, the U-GAS reactor makes only 24% of this
total as compared with 51% by the HYGAS reactor. To achieve the same total plant
output of methane, a U-GAS system requires more synthesis gas, hence more oxygen,
and bigger CO shift, acid-gas removal, and methanation sections. The comparable
quantities of CO shifted, acid-gas removed, and methane made in the methanator for
both the HYGAS and U-GAS designs are shown in Table 6.

Table 6 also indicates the substantially higher power, cooling water, and raw
water requirements for the U-GAS design due to the higher oxygen usage and to the
power requirement for product gas compression to 1000 psig.

Table 7 presents a comparison of overall energy balances and process effici~
encies. SNG via the U-GAS Process requires about 20% more plant coal, and the coal-
to-pipeline gas efficiency is 58.2% versus 70% for the HYGAS system. In addition,
HYGAS has 4.0% of the feed coal HHV converted to by-products, whereas the U-GAS
system has only 0.2% converted, raising the HYGAS plant efficiency. The U-GAS
system has considerably more heat dissipated to cooling media: 5504 vs., 2471
million Btu/hr, or 31.8% vs. 17.2% of plant coal feed. The HYGAS system heat loss
to cooling water is less than half that for the U-GAS system. This is primarily
due to the very large difference in the amount of cooling necessary for the con-
densers on the plant turbine drivers, 84,215 gpm. The difference in process cooling,
while significant, is relatively minor by comparison. Overall efficiencies (coal to
all products) are 74.0% for HYGAS and 58.47% for U-GAS.

LOW-Btu GAS BY THE U-GAS PROCESS

4.\ r-ﬂ rli I\ r-s r-I I\ 'I I — - i

r. -

Figure 3 shows the flow diagram for producing low-Btu gas by the U-GAS Process,
an appropriate application for this process, and the process flow streams are given
in Table 8. The results are more favorable than in the SNG application and are
shown in Tables 5, 6, and 7. To put this plant on a comparable basis with the other.
plants in this study, the same product fuel value output rate was used for all three.
When making low~Btu instead of high-Btu gas with the U-GAS reactor, the process coal
feed is reduced to 15,193 tons/day of Montana subbituminous coal, and the plant
produces 239 billion Btu/day of 320 Btu/SCF fuel gas.

For the low-Btu U-GAS reactor process, coal is dried to 10% moisture and ground
to 1/4 in. X 0. Lockhoppers introduce the coal to the gasifier., Simultaneous with
gasification, ash is removed from the fluidized bed by an ash-agglomerating tech-
nique, and fines elutriated from the bed returned through cyclones. The gasifier
requires 551,724 lb/hr of steam and 6,573 tons/day of oxygen. Raw gas is cooled to
315°F in a waste heat boiler and is water-scrubbed in a venturi scrubber for dust
removal.

Some adiabatic humidification occurs in the scrubber that cools the gas to
293°F, Prior to H,S removal, the gas is cooled to 100°F, and the condensed water is
sent to waste-water treating facilities and used as cooling tower makeup.

The hydrogen sulfide in the raw gas is removed by the Selexol Process. Besides
hydrogen sulfide, a small amount of carbonyl sulfide is produced in the gasifier,
and this compound is also partly removed by the Selexol Process. The total sulfur
present in the clean gas is reduced to about 70 ppm. Together with hydrogen sulfide,
the process removes about 247% of the carbon dioxide present in the raw gas. The
H_S-CO, mixture from the Selexol unit is sent to a Stretford unit where 68 long tons/
day of“sulfur is recovered. The clean desulfurized gas from the Selexol absorber
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is heated to 700°F and then expanded in a power recovery turbine. Most of this energy
(108,000 hp) is used to drive the oxygen plant air compressors, which are coupled to
the expander shaft; also, 5,866 kW of electricity is generated and used to drive plant
motors. The expanded gas is cooled to 100°F and sent to boilers.

COMPARISON OF HIGH-Btu (HYGAS) AND LOW-Btu (U-GAS) PROCESSES

Both the HYGAS and the U-GAS Processes provide alternative energy sources
through coal conversion techniques. The process differences result because each is
specifically designed for the form of energy product desired. The SNG from HYGAS is
for the higher valued pipeline gas, while the low-Btu gas from U-GAS is designed fof
use as industrial boiler fuel for process steam generation or for combined gas turbine-
steam turbine power cycles.

The U-GAS system is simpler than the HYGAS system because it requires no equip-
ment to produce methane or remove liquid hydrocarbons. For example, the U-GAS Process
does not require CO conversion, benzene recovery, methanation, or CO_ removal (the
HYGAS Process uses the hot carbonate system, which removes COZ’ and %he U-GAS Process
uses Selexol, which minimizes CO2 removal).

The gasifier inputs, process quantities, energy balances, and process effici-
encies are presented in Tables 5, 6, and 7 for the high- and low-Btu gas processes,
Both plants have boilers for steam and/or power generation.

Table 5 presents coal, gasifier steam, and oxygen requirements. The HYGAS re-
actor requires 5% more coal than the U-GAS reactor, but the total coal needed, in-
cluding fuel coal, is 16% more for the HYGAS Process. Fuel coal for U-GAS is less
than half that for HYGAS because of the large amount of power recovered by expanding
the product gas down to 10 psig. The U~GAS oxygen requirement is 6,573 tons/day,
which is over twice the HYGAS requirement. This disadvantage in oxygen plant costs
and utilities is more than compensated for by the much simpler product upgrading
when making low~Btu gas. The HYGAS reactor requires 80% more steam than the U-GAS
reactor, and HYGAS also requires about 960,000 1b/hr of CO-shift steam.

In Table 6 process quantities for the two processes are compared, Plant power
required is about 38% more for the U-GAS system because of the larger oxygen plant.
The HYGAS total cooling water requirement.is about 29% more than for U-GAS and the
raw water requirement for HYGAS is 37% more than for U-GAS. Acld-gas removal for
HYGAS is 26,723 mol/hr and only 3,477 mol/hr for U-GAS. The overall plant efficiency
for low-Btu gas is 80.8% compared with 74% for the high-Btu gas (HYGAS) (Table 7).

COMPARTSON OF PROCESS ECONOMICS FOR _COAL TO HIGH- AND LOW-Btu GAS USING
HYGAS AND U-GAS PROCESSES

Capital and annual operating costs for high- and low~Btu gas processes are esti-
mated on a comparable basis in mid-1976 dollars and are given in Tables 9 and 190.
These costs do not include stack-gas cleanup because sulfur in the Montana coal is
low enough to meet the emission specifications of 1.2 1b SO, /million Btu of solid
fuel burned. If the standards change in the future, stack-gas cleanup may be re-
quired, The annual operating costs and returns on investment are based on the utility
financing method of the Supply-Technical Advisory Task Force — Synthetic Gas-Coal
for the FPC National Gas Survey. The basic assumptions of this method are given in
Table 11.
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Table 9. SAPITAL INVESTMENT SUMMARY FOR NOMINAL
© 240 X 107 Btu/DAY HIGH- AND LOW-Btu GAS FROM
MONTANA SUBBITUMINOUS COAL
(Mid-1976 Costs)

-

High-Btu Gas Low-Btu Gas
HYGAS U-GAS U-GAS .‘
: 6
Section $10 4
Coal Storage - Reclaiming 5.0 6.0 4.3 N
Coal Grinding and Drying 13.7 14.3 11.8 .
Coal-Water Slurry Feed System /]

(Lock Hoppers for U-GAS) 11.1 4.0 3.3
Slurry Feed Preheat (Fired Heater) 4.5 ~— - N
Casifiers 43.0 22.3 18.4 .
Char Residue and Plant Ash Disposal 2.4 2.8 2.3 A
Gasifier Effluent Dust Removal System 3.8 4.5 4.0
Carbon Monoxide Conversion 11.2 10.0 -
Benzene Recovery 5.6 -— - '
Prepurification (Hot K;CO3, Bulk, .
Activated Carbon, Zinc Oxide — ?
Selexol for U-GAS Low-Btu Gas Case) 46.6 50.6 19.6
SYN Gas Compressors or Expander - 12.0 13.7*% N
Methanation, Drying, and Product .
Gas Compression 15.2 37.3 -- : ]
Process Waste-Heat Recovery 14.2 . 5.1 15.7
High~Pressure Oxygen Supply 45.0 109.0 89.6
Process and Turbine Steam Generation 69.1 84.6 28.4 i
Turbogenerator 7.7 7.4 7.6 )
Electric Power Distribution 7.7 8.7 9.5
Cooling and Plant Makeup Water 4.9 8.5 3.1
Sulfur Recovery — Stretford 16.0 19.0 16.8 \
Waste-Water Treatment 13.1 3.0 6.5 .
Particulate~Emission Control 3.8 4.5 3.2 4
Miscellaneous 17.2 20.7 12.9
General Facilities 43.3 47.7 32.5 N
Installed Plant Cost, .
Excluding Contingencies 404.1 482.0 . 303.2 3
Contingencies at 15% 60.6 72.3 45.5
Total Bare Cost 464.7 554.3 348.7 \
Contractor's Overhead and Profits '
(15%) 69.7 83.1 52.3 ’
Total Plant Investment (I) 534.4 637.4 : 401.0
Interest During Comstruction !
(9% X 1.875 years X I) 90.2 107.6 67.7 .1
Start-up Cost (5% of Total Plant
Investment) 26.7 31.9 20.1
Working Capital: 60 days' coal at D
full rate 10.4 12.5 8.9 .
0.9% of Total Plant )
Investment 4.8 5.7 3.7
1/24 X Annual Revenue N
Required 7.3 9.4 6.1 .
Total Capital Required 673.8 804.5 507.5 ’

* Expander,

@®
£
-

l
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Table 10. ANNUAL OPERATING COSTS FOR NOMINAL
240 X 109 Btu/DAY HIGH- AND LOW-Btu GAS PLANTS

USING MONTANA SUBBITUMINOUS COAL

(90% Plant Service Factor — Timing: Mid-1976)

Operating Cost Component

Coal Feed, 50¢/10% Bru#
Catalysts, Chemicals and Other Direct Materials
Raw Water Cost, 45¢/1000 gal

Labor

Process Operating Labor (for high-Btu gas, 58
men/shift for HYGAS and 60 men/shift for
U-GAS; 33 men/shift for U-GAS to low-Btu
gas; at $7.20/hr and 8,760 man-hr/year)

Maintenance Labor (1.5% of Total Plant
Investment plus Lockhopper Maintenance
Labor for U-GAS) .

Supervision (15% of Operating and Maintenance
Labor)

Administration and General Overhead (607%
of Total Labor, Including Supervision)

Supplies
Operating (30%Z of Process Operating Labor)

Maintenance (1.5% of Total Plant Investment
plus Lockhopper Maintenance Supplies for
U-GAS)

Local Taxes and Insurance (2.7% of Total Plant
Investment)

Total Gross Operating Cost

By-Product Credits

Sulfur at $10/long ton

Ammonia at $50/ton

Light 0il (B-T-X) at 35¢/gal
Total

Net Operating Cost

Depreciation (20 years Plant Life,
Straight-Line)
Return on Rate Base
Federal Income Tax t
20-Year Average Annual Revenue Required

Annual Gas Production, 109 BRtu 6 t
20-Year Average Gas Price, $/10° Btu

High-Btu Gas

Low-Btu Gas

HYGAS U-GAS U-GAS
$1000
56,641 68,353 48,653
3,195 5,236 847
909 1,749 670
3,659 3,784 2,081
8,016 9,661 6,115
1,751 2,017 1,229
8,056 9,277 5,655
1,098 1,135 624
8,016 9,661 6,115
14,429 17,210 10,827
105,770 128,083 82,816
(215) (267) (223)
(1,138) -- --
(9.,674) -- -=
(11,027) (267) (223)
54,743 127,816 82,593
32,565 38,845 26,440
36,556 43,685 27,626
12,052 14,402 9,107
175,916 724,748 143,766
79,333 79,596 78,446
2.22 2.82 1.83

This is a nominal coal cost and is not to be interpreted as an IGT recommendation.
Depending on mine ownership and capital charges, prices could be in the 40 to 50
¢/106 Btu range. To avoid establishing a coal cost, its effect has been shown

as a variable in Figure 5.

+

Calculated by the Utility Financing Method (Table 11).
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High-Btu Gas Using HYGAS and U-GAS

The capital required for the HYGAS and the U-GAS plants for producing high-Btu
gas are $674 million and $805 million (Table 9). Major items in both plants are
gasification reactors, purification, oxygen supply, and offsites, The HYGAS reactor
system costs more than the U-GAS reactor system because of its greater size, com-
plexity, and the much higher operating pressure required, However, because of the
much higher costs for oxygen supply, methanation, synthesis and product gas compres-
sion, and steam generation for the simpler U-GAS reactor, total capital investment
for the U-GAS Process 1s $131 million more than for the HYGAS Process,

The calculated 20-year average gas price of $2.82/106 Btu wheg a U-GAS reactor
is used for SNG is sgbstantially higher than the price of $2.22/10° Btu for the HYGAS
Process for $0.50/10° Btu coal (Table 10). A private investor financing method
(DCF) was also developed by the FPC task force comprising 100% equity capital, 25-
year project life, l6-year sum-of-the-year's digits depreciation, ang 12% DCF rate
of return. With this method, the gas prices are $3.63 and $2,89/10° Btu for the
U~GAS and the HYGAS Processes. Use of the U-GAL reactor gives a higher price be-
cause of lgwer conversion efficiency and highgr plant cost. This plant requires
$11.7 X 10° more coal and produces $10.8 X 10  fewer by-products compared with the
HYGAS plant. The by-products of 65.3 long tons/day sulfur, 69.3 tons/day ammonia,
and 84,144 gal/day light oil (B-T-X) reduce the HYGAS gas price by about $0.14/
10° Btu at the unit values of $10/long ton sulfur, $50/ton ammonia, and $0.35/gal
for the light oil, There are 81.4 long tons/day of sulfur by~product for U-GAS
with negligible effect on gas price.

Low-Btu Gas by the U-GAS Process and Its Comparison to High-Btu Gas by the
HYGAS Process

Table 9 also shows a total capital investment of $674 million for the HYGAS
high-Btu plant and $508 million for the U-GAS low-Btu plant. The U-GAS oxygen
supply costs $90 million, twice that for HYGAS. However, all other aspects for
low-Btu gas — coal feeding, gasification, product upgrading, and offsites — cost
much less.

Table 10 presents annual operating costs, 20-year average annual revenue re-
quired, and gas price. HYGAS coal costs are $8 million/year more than for low-Btu
U-GAS; catalyst and chemical costs are $2.3 million/year more for HYGAS. The U-GAS
system requires 25 men/shift fewer in operating labor than the HYGAS system.
Capital-related costs are about $8 million more for the HYGAS system. The higher
HYGAS costs are somewhat offset by the $11 million higher by-product credit. The
total net difference in net operation costg is $12 million, The higher HYGAS capi-
tal and operating cosgs lead to a $0.39/10° Btu higher gas price for HYGAS (HYGAS
$2.22, U-GAS $1.83/10° Btu).

If gas price %s calculated using the DCF method described above, the U-GAS
price is $2.34/10° Btu compared with high-Btu gas at $2.89/10  Btu.

Comparison of High— and Low-Btu Gas Price Sensitivities

Figure 4 shows the effect of variations in plant cost on the 20-year average
gas price. The effect of variations in both installed equipment cost and total
capital cost are shown. An increase of about 67% is added to the installed equip-
ment cost by the various factors used to arrive at total capital required. For a
change of $1 million in installed equipment cost, the gas price varies by 0.36¢/10
Btu; for a similar change in total capital required, the gas price changes by

6
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0,22¢/106 Btu, when the utility financing method is gsed. For the private investor
financing method, the numbers are 0.53¢ and 0.31¢/10° Btu. These sensitivity factors
apply to all three processes. ‘

.

Figure 5 shows the effect of varying coal costs on the gas price. For high-Btu
gas, the sensitivity is 1.5¢ change in gas price per 1l¢ change in coal cost for the
HYGAS Process. Because of the lower efficiency, the sensitivity for the U-GAS to
SNG process is 1,8¢ change in gas price per 1l¢ change in coal cost., The sensitivity
for the U=GAS to low-Btu gas process is 1.2¢ change in gas price per 1¢ change in
coal cost,

\,-.4 y-_,

CONCLUSIONS

The manufacture of pipeline-quality gas by the HYGAS Process shows a definite
advantage over its manufacture by a single-stage, lower pressure system. Although
the hydrogasifier is more complex and operates at a much higher pressure than the
U~GAS reactor (1165 vs. 335 psig), a much greater amount of methane is made in the
HYGAS reactor. This gives large savings in coal, oxygen, and upgrading costs, re-
sulting in a lower gas price and higher efficiency.

When a low-Btu fuel gas of low methane content is satisfactory, the simpler,
low-pressure U-GAS Process shows economic and efficiency advantages.

-

The results are summarized below:

High-Btu Gas Low-Btu Gas \
- HYGAS U-GAS U-GAS .,
To:gl capital: required, 674.0 805.0 508.0
$10°  (mid-1976) )
Gas price, $/1o6 Btu, 2.22 2.82 1.83 .
utility financing
Overall thermal efficiency,% 74.0 58.2 80.8

X 4 R = - - 3 ~ R J > 2
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Figure 4. EFFECT OF PLANT COST ON’ GAS PRICE FOR HIGH- AND
LOW-Btu GAS FROM MONTANA SUBBITUMINOUS COAL
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COMPARATIVE ECONOMICS OF THE CITIES SERVICE CS-SRT PROCESS WITH THE LURGI PROCESS.
Chris J. La Delfa, Cities Service Co., Box 300 Tulas, OK 74102 and Marvin I. Greene,
Cities Service Research & Development Co., P.0. Drawer #7, Cranbury, NJ 98512,

Cities Service Research and Development Company, the research arm of the Cities
Service Company, has been developing a process, The CS-SRT Process, for the non-catalytic,
vapor phase, hydrogenation of carbonaceous feedstocks. The initial and primary emphasis
in our Energy Research Laboratory was to apply this technology to convert coal into pipe-
line quality gas and attractive by-produces yields of light aromatic (BTX) liquids. De-
tails of the engineering development of this process are reported in another paper at
this meeting. .

A conceptual plant design for producing 250 MM SCFD of pipeline gas and 6300 BPD of
aromatic liquids has been generated. The design was based on data obtained from process~
ing a North Dakota lignite in the bench-scale unit. The design was based on in-house
studies and on an engineering study performed for Cities Service by the Foster Wheeler
Energy Corporation. )

A grass-roots coal conversion plant was designed for a North Dakota-Montana plant
On-site power generation was included, so that, other than coal feed, only raw
water and consumptive chemicals must be supplied. D&E capital investment costs were
generated based on fourth quarter 1976 costs. A discounted cash flow analysis was per-
formed to determine the cost of services for producing pipeline gas. The results of the

study were compared to a conceptual plant design for producing pipeline quality gas by
the Lurgi Process.

site.
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ECONOMICS OF PRODUCING METHANOL FROM COAL
BY ENTRAINED AND FLUIDIZED-BED GASIFIERS

William C. Morel and Yong Jai Yim

U.S. Department of the Interior, Bureau of Mines
Process Evaluation Office--MMRD
P.0. Box 880
Morgantown, West Virginia 26505

Methanol is one of several liquid fuels being considered as a supplement to
help alleviate increasing gasoline requirements, the anticipated curtailment of the
availability of domestic crude oil and natural gas, and the steadily increasing
cost of foreign crude. Methanol has one-half the heating value of gasoline and a
lower air requirement for combustion, so some modifications will be required in the
carburetor design. Present-day carburetors can operate with a gasoline fuel con-
taining about 10 percent methanol. Coal is being considered as an alternative raw
material for the production of methanol owing to the apparent depletion of natural
gas supplies.

An economic evaluation of methanol production from coal synthesis gas based
on a 5,000-ton-per-day capacity is presented. Two coal gasification systems are
considered--entrained and Synthane (a fluid-bed process). Figure 1 is a block
diagram showing major units in these two processes. The estimates are based on
January 1976 cost indexes. Average selling prices of the gas were determined by
using DCF rates of 12, 15, and 20 percent at various coal costs. No inflation
factors are included during the life of the plant. Pollution abatement considera-
tions have been incorporated. Some of the economic and technical details are
included for the two systems.

ENTRAINED GASIFICATION

In this system methanol is produced from synthesis gas prepared by entrained
gasification of Pittsburgh seam coal at 30 atmospheres. (1) Figure 2 is a flow dia-
gram of the process and includes the following steps:

1. Coal preparation, which includes crushing, screening, sizing, and drying of
the run-of-mine coal (not shown on figure 2).

2. Entrained oxygen-coal gasification at 30 atmospheres with a 2,400° F outlet
gas temperature. Gasifier volume was based on a 2.5-second gas residence time.

3. A dust removal unit removes the entrained dust from the synthesis gas with
cyclone separators, before it enters the waste heat recovery unit where steam required
in the gasification and shift conversion units is produced. The cooled gas then
flows through an electrostatic precipitator for residual dust removal.

4. Shift conversion of the clean synthesis gas to a H2:C0 ratio of 2.3:1 in the
presence of sulfur-resistant catalyst. The 50-psig saturated steam required in the
purification unit is produced in the heat recovery system following the shift con-
verters.

5. The hot-carbonate purification unit, which reduces the CO2 content to 2.8
percent and removes essentially all of the HpS and C0S. (2) Char towers are provided
for removal of residual sulfur compounds. .

6. The low-pressure methanol synthesis system, operating at 570° F and 1,470
psia and utilizing a copper-based catalyst.

It is assumed that approximately 15 percent of the total Hz and CO entering the
converter is synthesized to methanol. The design of the converters was based on a
gas space velocity of 10,000 v/v/h. (3) The thermal efficiency of the plant is 46.5
percent, based on a gross heating; value of coal at 13,400 Btu per pound and methanol
at 10,259 Btu per pound.
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SYNTHANE GASIFICATION

The synthesis gas is produced by fluidized gasification of Pittsburgh seam coal
at 68 atmospheres. (4) Figure 3 is a flow diagram of the process and includes
the following steps:

1. Coal preparation, which includes crushing, screening, sizing, and drying of
the run-of-mine coal {not shown on figure 3).

2. Coal pretreatment in the top section of gasification unit to destroy caking
properties.

3. Free-fall carbonization plus steam-oxygen gasification of the pretreated
coal in a fluidized bed.

4. Entrained char removal in cyclone separators and tar removal by water scrub-
bing.

5. The first hot-carbonate purification unit, which reduces the CO content to
1 percent and removes essentially all the H»S and COS. Char towers are provided for
removal of residual sulfur compounds.

6. A steam-methane reformer unit, which converts about 95 percent of the CHg
to CO and Hyp to decrease the amount of purge gas from the methanol synthesis unit in
addition to producing H2 for synthesis.

7. A reverse shift conversion unit, which reduces the H>:C0 ratio of the re-
former gas product from 4.3:1 to 2.3:1. CO2 requirement for the reaction is supplied
by off gas from the purification system.

8. A second hot carbonate purification unit which selectively reduces the C0y
content to 2.8 percent. Off gas from the regenerator, namely CO; saturated with
water vapor, is cooled and compressed to meet COp requirements of the reverse shift
converters.

9. The methanol synthesis unit which operates at the same conditions as the
other case.

The gasifiers are designed to operate at a pressure of 1,000 psia and at a
maximum temperature of 1,300° F with coal throughput of 580 pounds per hour per
square foot of cross-sectional area. The assumptions for the methanol synthesis
are the same as those used in the entrained gasification system. The thermal
efficiency of the plant is 41.6 percent, based on a gross heating value of 13,400
Btu per pound of coal and gross heating values of methanol and byproduct tar of
10,259 Btu per pound and 130,000 Btu per gallon, respectively.

CAPITAL INVESTMENT

The total investment is estimated to be $331.7 million for the entrained gasi-
fication system, or $252.7 million lower than for the Synthane gasification system.

Table 1 is a capital requirement comparison of the two systems, and figure 4
shows the distribution of capital requirement for major processes. Detailed cost
summaries of the major processing units are not included, but the costs of the
individual units are listed. General facilities include administrative buildings,
shops, warehouses, railroad spurs, rolling stock, roads, waste water treatment, and
fences. The cost of steam and power distribution, cooling water towers, plant and
instrument air, fire protection, and sanitary water are included in plant utilities.

OPERATING COST

Table 2 presents the estimated operating cost comparison for the entrained and
Synthane gasification systems. An assumed 90-percent operating factor allows 35
days for downtime, two 10-day shutdowns for equipment inspection and maintenance,
and 15 days for unscheduled operational interruptions. With labor at $6 per hour,
payroll overhead at 30 percent of payroll, and depreciation at 5 percent of the
subtotal for depreciation allowing credit for sulfur recovered at $25 per ton, and
with the cost of coal as a variable, the following operating costs are derived:
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Cost of
coal Per year, MM Per gallon Per MMBtu
per ton [ Entrained | Synthane JEntrained | Synthane | Entrained [ Synthane
$11 §77.7 $116.6 $0.15 $6.23 $2.25 ~$3.48
13 82.8 122.7 . .16 .35 2.38 3:63
15 87.8 128.9 .17 .26 2.50 3.81

Based on a 330-day operation year for the plant and allowing credit for the
sulfur produced, with coal costs and discounted cash flow rates as parameters, the
average selling prices of the methanol product per gallon and per MMBtu for the two
systems are shown in the following table: (These are also plotted on figure 5.)

Cost of Methanol selling price

coal 12-pct DCF | 15-pct DCF | 20-pct DCF

per ton | Entrained | Synthane | Entrained | Synthane [Entrained | Synthane

. Dollars per gallon

$11 0.26 0.43 0.30 0.49 0.37 0.62
13 .27 .44 .31 .51 .38 .63
15 .28 .45 .32 .52 .39 .64

Dollars per MMBtu

1 3.84 6.35 4.43 7.23 5.46 9.15
13 3.98 6.49 4.57 7.46 5.61 9.30
15 4.13 6.64 4.72 7.67 5.76 9.44

The DCF computer program takes into account the capital expenditure prior to
startup so that the interest during construction is deleted from the capital require-
ment. Provisions are made for recovery of the working capital in the 20th year.

UNIT COST SUMMARY

The selling price used to determine the high-cost elements in the process was
based on a 15-percent DCF for a 20-year project life, with coal at $13 per ton. A
breakdown of the cost elements for the two systems is shown in table 3. Figure 6
shows the selling price of major processes for the two systems.

SUMMARY OF COMPARISONS

As shown in table 1, the total investment for the entrained gasification system
is $252.7 million, or 43 percent lower than for the Synthane system. About 60 per-
cent of the difference is in synthesis gas preparation, consisting of the fluidized
gasification system and the methane reforming unit for converting the methane in the
product to synthesis gas. It is apparent that the reason for this high capital
investment for the Synthane gasification unit is its higher operating pressure; also
it requires more separation of such impurities as ammonia, char, and tar from the
gas stream. The major part of this capital cost difference comes from the steam-
methane reforming unit to process approximately 35 percent (dry base) of methane in
the gas stream. This high-temperature reforming reaction is endothermic and requires
not only high capital cost but also high-temperature steam to supply the heat required
for the reaction. In addition to these, the Synthane system requires extra processes
over the entrained gasification system such as a second purification step and COp
compression. The higher capital cost of the methanol” synthesis unit for the Synthane
system, even though both systems have similar feed gas composition and flow rates, is
due to the higher compression ratio of the feed gas, resulting in a higher compression
cost. Differences in capital costs for these two systems are shown in figure 4.
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The operating cost for the entrained gasification system is about 33 percent less
than for the Synthane system as shown in table 2. Increases in maintenance, overhead,
and indirect and fixed costs, which are directly related to the capital investment,
represent the main difference.

The average selling price was based on three coal costs ($11, $13, and $15) and
three DCF rates of return (12, 15, and 20 percent). Over this range, the selling
price for the entrained gasification is 17 to 25 cents per gallon of product lower
than for the Synthane gasification, or $2.51 to $3.68 per MMBtu. This represents about
a 40-percent decrease.

CONCLUSION

Results of this study clearly indicate the entrained gasification system is more
economical than the Synthane fluidized system to produce methanol from coal. The
commercial available Lurgi fixed-bed gasification unit will yield similar results
owing to the formation of methane in the product as in the fluidized system. One of
two alternatives would be a combination of a high-Btu gas plant with methanol as its
byproduct. This would eliminate the high cost of a methane-steam reforming unit,
but it would have a Tower methanol conversion yield because the partial pressure of
the hydrogen and carbon monoxide is reduced by the higher methane content in the gas
stream plus the fact that the methanol is synthesized on a "once through" basis with-
out recirculation. The other alternative would be the separation of methane from the
gas stream by a cryogenic method, but this is also considered a high-capital process.
Even though the Synthane coal gasification system may not be the most suitable process
to produce methanol from coal owing to its high methane content, it is comparable to-
other gasification systems that produce high-Btu gas.
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TABLE 1. - Capital requirements: Comparison of entrained gasification

system with Synthane gasification system

Entrained Synthane
Unit asification gasification Difference
Coal preparation.......... ~$9,506,900 $11,327,500 | $-1,820,600
Gasification.............. 8,161,200 45,833,000 | -37,671,800
Dust removal......c.ovueens 2,278,900 9,117,000 -6,838,100
Purification No. 1........ - 24,731,200 39,728,400 | -14,997,200
Methane reforming......... . - 32,462,900 | -32,462,900
Waste heat recovery No. 1. 2,169,100 3,599,000 -1,429,900
C02 compression........... - 23,304,500 | -23,304,500
Shift conversion.......... 1,629,200 +1,629,200
Reverse shift conversion.. - 4,513,900 -4,513,900
Waste heat recovery No. 2. 7,852,200 10,488,100 -2,635,900
Purification No. 2........ - 29,244,300 | -29,244,300
Methanol synthesis........ 63,096,600 86,159,500 [ -23,062,900
Oxygen plant.............. 47,200,000 22,000,000 | +25,200,000
Sulfur recovery plant..... 1,100,000 1,130,000 -30,000
Waste water treatment..... .- 10,355,400 | -10,355,400
Flue gas processing....... 9,491,400 12,723,700 -3,232,300
Steam and power plant..... 42,452,900 45,595,000 -3,142,100
Plant facilities.......... 16,475,200 29,068,100 | -12,592,900
Plant utilities........... 23,614,500 41,665,000 | -18,050,500
Total construction... 259,759,300 458,315,300 |-198,556,000
Initial catalyst
requirements............ 2,504,700 3,672,100 -1,167,400
Total plant cost
(insurance and tax
bases).....viininnn 262,264,000 461,987,400 |-199,723,400
Interest during _
construction............ 39,339,600 69,298,100 [ -~29,958,500
Subtotal for
depreciation....... 301,603,600 531,285,500 |-229,681,900
Working capital........... 30,160,400 53,128,600 | ~22,968,200
Total investment..... 331,764,000 584,414,100 |-252,650,100
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TABLE 2. - Annual operating cost:

Comparison of

entrained gasification with Synthane gasification

Entrained Synthane
Cost item gasification | gasification Difference
Direct cost: : :
Raw materials:
Coal at $11 per ton... $27,965,500 $33,776,400 | $-5,810,900
Raw water............. 691,400 1,375,700 -684, 300
Catalyst and chemicals 1,300,200 3,109,700 -1,809,500
Methane............... 143,200 233,400 -90,200
Subtotal............ 30,100,300 38,495,200 -8,394,900
Direct labor............ 2,312,600 2,733,100 -420,500
Direct labor supervision 346,900 410,000 -63,100
Subtotal............ 2,659,500 3,143,100 -483,600
Maintenance labor....... 4,845,000 8,550,000 -3,705,000
Maintenance labor
supervision............ 969,000 1,710,000 -741,000
Maintenance material
and contracts.......... 7,267,500 12,825,000 -5,557,500
Subtotal............ 13,081,500 23,085,000 | -10,003,500
Payroll overhead........ 2,542,100 4,020,900 -1,478,800
Operating supplies...... 2,616,300 4,617,000 -2,000,700
Total direct cost.. 50,999,700 73,361,200 | -22,361,500
Indirect cost............. 7,342,900 12,338,000 -4,995,100
Fixed cost:
Taxes and insurance..... 5,245,300 9,239,800 -3,994,500
Depreciation............ 15,080,200 26,564,300 | -11,484,100
Total, before
credit......v..... 78,668,100 121,503,300 | -42,835,200
Sulfur credit........... 994,100 995,900 +1,800
Tar credit.............. - 2,184,200 +2,184,200
Ammonia credit.......... - 1,744,400 +1,744,400
Operating cost,
after credit.... 77,674,000 116,578,800 | -38,904,800
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TABLE 3. - Unit cost comparison

Process unit

Cost per gallon of product

Entrained gasification

Synthane gasification
$0.016

Coal preparation......... $0.014
Gasification............. .156 .170
Dust removal............. .003 .015
Purification No. T....... .036 .052
Methane reforming........ - .035
C02 compression.......... - .033
Reverse shift conversion. - .005
Shift conversion......... .023 -
Purification No. 2....... - .052
Methanol synthesis....... .070 .103
Sulfur recovery.......... .001 -
Waste water treatment.... - .009
Flue gas processing...... .011 .015
Total..oveerunonnnss .314 .505

NOTE:--Coal at $13 per ton; DCF at 15 pct.
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Selling Price of Methanol, dollars per gallon

Methanol via Synthane Gasification

Methanol via Entrained Gasificatio
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Selling Price of Methanol, dollars per MMBtu's (H.H.V.)
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Coal Cost, dollars per ton

FIGURE 5. - Selling Price of Methano! at Different Coal Prices
with D.C.F. Rate of Return as a Parameter
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Selling Price of Methanol, cents per gallon
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FIGURE 6. - Selling Price of Methanol and its Distribution-
Calculated Based on Unit Cost Procedure.
(Seiling Prices are Coal ot $13/ton and D.C.F.
Rate of Return at |5 per cent)
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