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The kinetics and mechanism of carbon gasification reaction
catalyzed by alkali metals have been the subject of numerous studies
and comprehensive reviews are available (1-4). Although the
mechanism of catalyst action is not completely understood, there is a
general agreement that the reaction follows a redox mechanism (5-6).
In this mechanism, the alkali catalyst cycles between an oxidized and
a reduced form. During this cycle the catalyst transfers oxygen from
the gaseous reactant to the carbon surface; the net effect is
production of CO. Presently, the disagreement is on the nature and
the stoichiometry of the catalytic intermediate compounds. The
purpose of this study is to characterize the mechanism and the
kinetics of the processes in which sodium and potassium carbonates
are reduced from their initial forms to the catalytic intermediate
forms.

EXPERIMENTAL METHOD

Carbopack B (by Supelco) was used as the high purity carbon
substrate. Catalyst in the initial form of sodium or potassium
carbonate was applied by the incipient wetting technique. The
catalyst/carbon ratio was controlled by varying the alkali
concentration in the impregnation solution. Atomic emission
spectroscopy was used to analyze the samples for alkali content. The
catalyst type and concentration of the samples used in this study are
given in Table 1.

Two reactor systems were used in the course of this study. The
first utilized a small differential reactor for quick response times
while the second used an electronic microbalance for direct
measurement of sample weight. Both systems included a movable
furnace which allowed rapid heating and cooling or programmed
temperature change in the reactor. The details of experimental
set-up are given elsewhere (7,10).

For each run, 25-30 mg of the impregnated carbon was loaded into
the reactor. The reactor was then purged with Ultra high purity
nitrogen to remove the oxygen before heating the sample. The
experiments were conducted under Temperature and Concentration
Programmed Reaction (TCPR) conditions. Three schedules of programmed
conditions were used. In Schedule 1 (Fig. 1), the samples were
rapidly heated to 800°C under nitrogen. After complete evolution of
Hp0, COp and CO, the samples were cooled rapidly and removed for
analysis. Schedule 2 (Fig. 2) was similar except the samples were
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quenched before complete catalyst reduction to determine the
relationship between CO evolution and catalyst loss. In Schedule 3,
(Fig. 3) the partial reduction under nitrogen was followed by
gasification under a mixture of 15% CO; in nitrogen. After a short
gasification stage to measure the gasification rate, the samples were
quenched and removed for analysis.

RESULTS AND DISCUSSION

In an earlier study (11), a mechanism was suggested for the
interaction between carbon and potassium carbonate under inert
conditions above 700°C. This mechanism, which is expected to hold
for both sodium and potassium carbonates, can be written in the
following general form:

C
Mzcoj-——-—— (-COM) + (-COZM) (1)
(COZM) + C — (-COM) + CO (2)
(-COM) + C —» (-CM) + CO 3)
(-CM) —=M(g) )
This mechanism allows for the sequential reduction of the catalyst
followed by catalyst vaporization and loss.
In the early stage of the sample heat up, a small COy peak is
observed. This peak 1s due to the decomposition of bicarbonate to
carbonate (10,11). During the rest of the reduction stage, carbon

monoxide is the only significant gaseous product. Therefore, the
time profile of CO is a direct measure of the overall reduction
kinetics. The CO profile shown in Figure 1 is a typical profile for
initial catalyst loadings above saturation. The CO concentration
exhibits a plateau with almost constant CO gasification rate. As the
initial loading is decreased, the width of the CO plateau decreases
while the rate of CO production does not change significantly. For
very low concentrations the profile does not exhibit a plateau.

These results indicate that at catalyst loadings greater than what is
required for surface saturation, catalyst is the excess reactant and
carbon surface is the limiting reactant. Under these conditions, the
reduction rate is determined by the carbon substrate area which is
independent of catalyst loading. The very small increase in CO
across the plateau is due to the increase in carbon surface area
caused by conversion. At initial concentrations lower than
saturation (initial metal to carbon atomic ratio of about 0.0l for
potassium and 0.04 for sodium) the rate of reduction varies with both
loading and time and no plateau is observed.

The rise and fall of the CO peak are primarily due to the effect
of reaction kinetics and not simply an artifact of the reactor
residence time response. Without these effects the rise and fall
would have been much sharper. This is because dispersion in the
reactor is relatively negligible. The rise is due to the increase in
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the concentrations of (-COoM) and (-COM) supplied by reaction 1. The
fall is due to the depletion of the carbonate.

The dependence of the average catalyst reduction rate on loading
is shown in Figure 4. Total reduction time is a linear function of
the initial catalyst loading. This indicates that the average rate
is independent of loading as long as the carbon substrate is
saturated. The rate will vary with loading for unsaturated samples
as indicated by the curvature of the lines at low catalyst loadings.
As expected, the shape of the curve indicates that the turnover
number (measure of rate per catalyst atom) for an unsaturated surface
is higher than that for a saturated surface.

The reduction mechanism suggests that the catalyst is reduced
prior to loss by vaporization. To measure the relative rates of
catalyst reduction and vaporization, a series of runs were conducted
where the samples were removed after various levels of catalyst
reduction and analyzed for catalyst content (Schedule 2). The
results are shown in Figure 5 and indicate that the catalyst
vaporizes rapidly upon complete reduction. This can occur only if
reaction 4 is substantially faster than reaction 3.

An important observation is that the rate of catalyst loss is
dramatically decreased after all the catalyst is reduced. In other
words, the residual catalyst left on the surface at the end of the
reduction process is relatively stable. This means that reaction 4
is somehow enhanced by the presence of carbonate. A possible
explanation is that the strong attraction of carbonate to carbon
sites causes the decomposition of (-CM) and the release of carbon
sites which interact with carbonate.

CONCLUSION

The reduction of potassium and sodium carbonates is a
prerequisite for the formation of surface catalytic sites, and
further reduction of these surface sites is an integral part of the
mechanism suggested for catalytic gasification. In addition, the
alkali catalyst is lost from a site only after it has been completely
reduced.

For a sufficiently high loading, a sodium or potassium
impregnated carbon sample subjected to heat under an inert atmosphere
will generate a CO concentration/time profile with a distinct plateau
region. In this region, catalyst is the excess reactant and carbon
surface area 1s the limiting reactant. For low loading samples,
catalyst is the limiting reactant and no plateau is observed. The
reduction rate is independent of loading for high loading samples
while for low loading samples the rate is a function of both loading
and time.

There is a saturation limit for the alkali catalyst on carbon
substrates. This limit appears to be the same for both sodium and
potassium on molar basis. In general, the surface saturation limit
is independent of the initial loading but depends on the total
surface area of the substrate.

145



w N

0 00~

10.

11.

REFERENCES

Wen, W.Y., Catal. Rev.-Sci. Eng., 22(1), 1 (1980).

McKee, D.W., Chem. Phys. Carbon, 16, 1 (1981).

Wood, B.J. and K.M. Sancier, Catal. Rev.-Sci. Eng., 26(2), 233
(1984).

Pullen, J.R., IEA Coal Research, No. ITCIS/TR26 (1984).

McKee, D.W., Fuel, 62(2), 170 (1982).

Moulipn, J.A., M.B. Cerfontain and F. Kapteijn, Fuel, 63(8),
1043 (1984).

Sams, D.A. and F. Shadman, accepted for publication in AIChE J.
Sams, D.A., T. Talverdian and F. Shadman, In Press, Fuel (1985).
Talverdian, T., "Catalyst Loss During Potassium-Catalyzed COp
Gasification of Coal Char and Carbon," M.S. Thesis, University
of Arizona (1984).

Sams, D.A. "The Kinetics and Mechanism of the Potassium
Catalyzed Carbon/Carbon Dioxide Gasification Reaction",

Ph.D. Dissertation, University of Arizona (1985).

Shadman, F. and Sams, D.A., Proceedings of the 17th Biennial
Conference of the American Carbon Society, Lexington, Ky., 182
(1985).

146




Table 1. Catalyst Specificatfons in the Studied Samples

Sample Catalyst (M/C),_atomic ratio
A K 0.00089
B K 0.0027
[ K 0.0054
D )4 0.013
E K 0.021
F K 0.025
G K 0.027
H Na 0.011
I Na 0.029
J Na 0.049
K Na 0.067
L Na 0.091
M Na 0.131
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Figure 1. Temperature-progranmed Teaction; Schedule 1
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ROLE OF OXYGEN IN ALKALI-CATALYZED HYDROGEN
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INTRODUCTIDN

The hydrogen gasification of carbon in the presence of alkali metal
salts has been reported in only a few studies [1-3], and little information
about reaction kinetics or catalytic enhancement is available. The
uncatalyzed reaction, in contrast, has received considerable attention {4,31].
0f particular interest are the results of Cao and Back [4] and Blackwood (7],
who reported the effects of oxygen on the methane production rate.

Hydrogen gasification is under investigation in our laboratory because
it is a direct route to methane production and because it offers a unique
environment in which to study gasification catalyst behavior. Hydrogen
gasification involves an elemental feed gas (Hz) and a single product (CH4)
thus facilitating accounting of carbon and oxygen from both reactant and
catalyst during gasification. The work presented in this paper focuses on
the importance of oxygen in hydrogen gasification, and discusses results of
experiments involving both alkali-metal catalyzed and uncatalyzed reactions.
This study is a continuation of earlier work ([81.

EXPERIMENTS

The carbon used in this study is a graphitic carbon lampblack (Fisher
Scientific) with an initial BET surface area of 20 square meters per gram and
an impurity content of less than 0.1 per cent. The catalysts (KaCOs, NaaCOs,
KCl) were deposited on the carbon by wet impregnation in smetal to carbon
oolar ratios of approximately 0,01 and 0.02. Uncatalyzed carbon saaples were
also put through the same impregnation procedure but without addition of
catalyst. Actual M/C ratios, measured by neutron activation analysis, are
K/C = 0.0093 and 0.0192 for KaCO3, Na/C = 0.0111 and 0.0221 for NaaCO3, and
K/C = 0.019 for KCl. Typical sample sizes gasified were 60-70 milligrams.

The gasification apparatus consists of a fixed bed differential reactor
equipped with a gas collection system and gas chromatograph for rate
measurement and product gas analysis. The pressure vessel is 3 Haynes Alloy
tube (0.875" ID and 2.0" 0OD) designed for simultaneous operation at 1000°C
and 1000 psi. Rate is measured as rate of methane evolution via timed
collection of product gas; evolution rates as low as 0.005 al/min can be
accurately measured., Further details are given elsewhere [8].

All gasification experiments were carried out in pure hydrogen (Airca,
99.999%) at 500 psi pressure and a flow rate of 3~5 liters(STP)/minute/graa
initial carbon. 1In all reactions the apparatus was evacuated three times and
then purged in helium during initial heating. Hydrogen was then added to the
reactor at 500°C in most experiments. In some experiments uncatalyzed
saaples were degassed by heating to 1000°C in vacuua for twelve hours before
gasification, and in others hydrogen was added at room tesmperature.
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RESULTS

All gasification experiments were conducted in a large excess of
hydrogen, so that the aethane formation reaction was far from equilibriunm.
In addition, repeated experiments in which sample size and flow rate were
changed and in which sample temperature was measured allow us to conclude
that the results represent intrinsic and reproducible kinetic rate
measurements for the hydrogen gasification.

Catalyzed Gasification: The experimental data are represented as rate of
methane evolution versus time during gasification. The start of reaction
(t=0) is taken as the time where hydrogen is added to the reaction vessel
(500°C); steady state temperature is reached after about 55 minutes. 1In the
Figures, the symbols represent individual collection points; the curve
represents the best fit of the rate data. Methane evolution rate is
normalized to initial carbon weight; integration of the rate curve gives a
carbon conversion close to that obtained by weighing the sample residue.
Methane evolution rate for gasification in the presence of NazCOs and
KaCOs catalysts at 8459C are given in Figure 1 for M/C = 0,02 and in Figure 2
for M/C = 0,01. The rate curve for sodium is scaled to the same M/C ratio as
potassium. The results show that both catalysts enhance the rate of hydrogen
gasification, but show different catalytic effects as carbon is consuamed.
For Nazl05, rate is a maximum near the time where steady state temperature is
first reached, whereas for KzCO; the rate increases as gasification proceeds.
The results for gasification in the presence of KCl are also given in Figure
1, and show that KCl has little catalytic effect in hydrogen gasification.
Activation energy of the hydrogen gasification reaction was measured
over the temperature range of 7B0-900°C for the uncatalyzed reaction and in
the presence of the carbonate catalysts. The Arrhenius plots are given in
Figure 3 at 20% carbon conversion for all three samples; also shown (by
dotted line) is the plot at 30% caonversion for the NaaC0s sample. The
calculated activation enerqy at 20%Z conversion is 220 kd/mole for KaCOs, 251
kJ/mole for NazCOs, and 264 kl/mole for the uncatalyzed reaction. The lower
value for the potassium catalyst results from scatter in the data, as
potassium catalyst gave the highest reaction rate and thus the fewest number
of collection points. Therefore, the activation energy is the same within
experimental uncertainty for both catalyzed and uncatalyzed reactions and
approximately equal to 250 kJ/mole.

. The different gasification rate curves for sodium and potassium
catalyzed reactions led to investigation of the interaction between catalyst
and carbon and evolution of oxygen species during heatup. In these
experiments, the reactor was purged as usual, but the sample was heated in
hydrogen and gas evolution was monitored during heatup. The results of these
experiments are given in Table 1. The primary gas evolved from KzC03 is COa,
which appears in the teamperature range of 300-500°C, while NasCls releases
primarily CO at 400-700°C. The uncatalyzed reaction releases very small
gquantities of each gas at similar temperatures, probably from weakly bound
oxygen species on the carbon surface.
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TABLE 1
Gas Evolution during Sample Heatup
{

(M/C = 0.02)
Catalyst co 0= Total Fraction of Oxygen
(ng) {mg) Oxygen in Catalyst Evolved
(mg) as CO as C02
K2C0Ox 0.30 1.05 1.04 0.12 0.31
Na2Cly 1.05 0.29 0.81 0.22 0.05 ,
none 0.031 0,102 0.093 - -

Uncatalyzed Gasification: The effects of indigenous oxygen, present on the
surface or in the bulk of the unimpregnated carbon, was investigated by
conducting several experiments in which the carbon was either degassed or
partially reacted in oxygen. Carbon was degassed by heating to 1000°C 1n
vacuum to remove adsorbed oxygen. Oxygen was replenished on the carbon
eurface by partial combustion in air at 400°C. The partial combustion was
controlled by admitting a finite amount of oxygen into the pressure vessel
and then allowing the reactiaon to go to completion.

Results of the experiments are given in Figure 4 as methane formation
rate versus carbon conversion. The solid circles represent rate for an
untreated sample. The open squares represent a sample initially degassed,
gasified in hydrogen (to 20% conversion), partially combusted in oxygen (to
35% conversion), and then further gasified in hydrogen. The open triangles
represent a sample initially gasified in hydrogen (to 254 conversion),
partially combusted in oxygen (to 35% conversion), and then further gasified
in hydrogen. The results show that degassing reduces gasification rate, and
that partial combustion in oxygen recovers some reactivity toward hydrogen
It was necessary to partially combust the carbon to recover reactivity; an
experiment in which the carton was exposed to oxygen at room temperature
showed no subsequent increase in reactivity toward hydrogen, thus indicating
little reaction between oxygen and carbon.

DISCUSS1ON

Figures | and 2 illustrate that both sodium and potassium carbonate are
effective hydrogen gasification catalysts. The curves also show that the
gasification rate changes significantly as carbon is consumed, and in a
different manner for each catalyst.

Two quantities pertaining to gasification of this carbon, measured in an
earlier work (81, must be mentioned. First, specific BET surface area of the
carbon black increases dramatically during gasification [81, increasing
approximately linearly with conversion from 20 m2/g initially to 400 m2/g at
sixty per cent conversion for both catalyzed and uncatalyzed reactions.
Absolute carbon surface area therefore increases about six-fold up to 0%
conversion. Specific reaction rate based on this area is nearly constant for
the K2CO3-catalyzed samples over the course of gasification, but decreases
strongly for other samples. This indicates that, at least for the
uncatalyzed case, rate is not related to total surface area. Secondly,
significant catalyst is lost fros the sample during gasification [81; the
amount of catalyst after gasification, deterained by neutron activation
analysis, decreases linearly with conversion to approximately one-third of
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the initial value at 80% for both NazCOs and KaCOs. Total surface area
development and catalyst loss do not explain the increase in rate with
conversion, however, and other factors aust therefore account for the
observed behavior.

The Arrhenius plot in Figure 3 shows that apparent activation energy is
nearly the same both for catalyzed and uncatalyzed reactions and at different
conversions. This is in accordance with results of other investigators [9-
10] for steam and carbon dioxide gasification, and suggests that the role of
the catalyst is to increase the number of active sites without changing the
reaction mechanism, This indicates that the active sites in both catalyzed
and uncatalyzed gasification must perform a similar function, and that
different shapes of the rate curves in Figures 1 and 2 for sodium and
potassium catalysts must be attributed not to different reaction mechanisms
but to differences in active site population as gasification progresses. The
value of apparent activation energy (250 kl/mole) is somewhat higher than
values reported (150-210 kJ/mole) [4,5,11] for uncatalyzed methane formation.
The only study for which a higher activation energy (300 kJ/mole) was found
was for the reaction with graphite at 1200-1600°C [12). This is further
evidence that the rate measurements represents intrinsic reaction kinetics,
and suggests that values of activation energy measured for porous carbons and
chars may include effects of diffusion resistances and mineral matter.

Results from degassing and partial combustion of wuncatalyzed carbon,
given in Fiqure 4, show that the presence of oxygen on the carbon surface
strongly enhances gasification rate. This is in agreement with the results
of Cao and Back [é], who report an order of magnitude increase in methane
formation rate when 0.1% oxygen is added to the hydrogen feed stream, and
with the results of Blackwood {7], who observed that methane formation rate
was proportional to oxygen content of coconut char. 14 oxygen is the key
entity which enhances gasification rate, then the observed decrease in rate
with time for uncatalyzed and untreated carbon (solid circles in Figure 4) is
consistent with the concept that surface oxygen is slowly stripped from the
carbon during reaction at 865°C, This concept is supported by the slower or
nearly nonexistent decrease in rate with time for the uncatalyzed reaction at
lower temperatures, in which oxygen is not removed from the surface.

Degassing the carbon (open squares in Figure 4) decreases the rate to a
low level (0.8 ml CHa/min/gram C) which is essentially invariant with time.
The finite rate after degassing results either from the intrinsic carbon-
hydrogen reactivity or froom the presence of low levels of oxygen impurities
in the carbon or reactant 'gas. When the degassed sample is coabusted in
oxygen at 400°C, gasification rate increases by approximately 2.0 al
CHe/min/gram C. Similarly, when a sample not initially degassed (triangles
in Figure 4) is combusted in oxygen at 400°C the rate also increases by
approximately 2.0 ml CHe4/min/gram C, suggesting that partial combustion
results in formation of a similar nuaber of new active sites in both cases.
Further, these results indicate that new active sites are formed in addition
to those already existing on the surface. The total methane evolution rate
is therefore the sum of the rates from the original oxygen-bearing sites
which are still active and from the sites created by partial combustion.

The different rate curves for sodium and potassium carbonate catalysts
and the evolution of different gases during heatup shows that the catalyst-
carbon interactions are substantially different for the two cases. For KaCOx

(#/C=0.02), the evolution of one-third of the oxygen in the catalyst as CO,
is consistent with results reported by Mims and Pabst (131 and ®Wood and

Sancier (14} for formation of a surface oxide., 1t is not known at this time
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if a X-D-C type complex is formed in the presence of hydrogen; however, based
on the fact that absolute rate increases and specific rate is maintained, it
can be concluded that the potassium catalyst disperses in a stablé state on
the carbon surface and forms new active sites as gasification progresses.
These observations are consistent with those reported for a surface oxide
complex; however no conclusions can be made.

The low initial catalytic activity for K/C=0.01 samples and the observed
pyrophoric nature of potassium-containing sample residues from low
temperature gasification make it impossible to rule out intercalation of
potassium as an intermediate step in gasification. This phenomena has been
dismissed for carbon oxidation reactions but has not been investigated for
the reducing hydrogen gasification environment, and it is possible that both
intercalation and surface oxide formation take place. Intercalation is
reported to be a sink for potassium [133, thus explaining the low initial
activity far K/C=0.01 samples. Sodium does not intercalate; this may provide
an explanation ot observed gasification behavior.

For the NazCO3 catalyst, evolution of primarily CO at higher
tamparatures during heatup suggests that the carbothermic reaction is taking
place. It has been reported that sodium metal interacts with surface oxygen
[16] to form an oxide complex similar to that for potassium; it is possible
that such a complex is responsible for the catalytic activity.

Two observations suggest that the interaction of the sodiua catalyst
with carbon is not as strong as that of potassium. First, after gasification
in hydrogen the carbon residues contained visible particles of sodiua
carbonate, indicating that significant agglomeration of catalyst occured.
Alse, the total amount of oxygen evolved during heatup tor the H/C=0.02
samples (Table 1) was less for sodium than for potassium. These aobservations
indicate that the overall ioteraction of sodium carbonate with carbon is not
as strong as the interaction of potassium carbonate with carbon, and it is
likely that sodium forms few new active sites as gasification proceeds. The
observed rate is therefore seen to decrease with conversion.

The mechanism by which the oxygen-bearing species (whether oxygen in the
uncatalyzed sample or an M-0- complex for the catalyzed reactions) promote
hydrogen gasification has not been studied. However, there is some evidence
which allows the role of these species to be postulated. Yang and Duan [17]
tave recently reported using etch pit analysis that the arm-chair (1121} face
of graphite is more reactive than the zig-zag (1011} face, and that hydrogen
inhibits gasification in COz and Hz20 by preferentially adsorbing on and thus
stabilizing the zig-zag face. The presence of hydregen results in the
formation of hexagonal (zig-zag) etch pits of low reactivity. Along with
this, chemisorbed hydrogen is known to strongly bind to carbon and reduce
oxygen adsorption capacity [1Bl. In contrast, gasification in COz alone
results in round pits with arm-chair edges. For hydrogen gasificatien,
Zielke and Gorin f11] postulated that reaction is sterically more suited to
the arm-chair face. Thus it is likely that the function of the oxygen-
bearing surface species is to maintain and propagate arm-chair reaction sites
on the carbon during gasification. Removal of oxygen species, either by
desorption or reduction, results in consumption of arm-chair sites, leaving
only residual and unreactive zig-zag faces to which hydrogen strongly binds.
Combustion in oxygen results in formation of new arm-chair faces, resulting
in enhancement of hydrogen gasification rate. Similarly, the addition of
catalyst results in the presence of a larger gquantity and possibly more
stable oxygen-containing species which propogate the aram-chair faces, thus
catalyzing the reaction.
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This idea is also consistent with results reported by Baker gt _al. [19]
and Tomita and Tamai [20] for barium and transition metal catalyzed hydrogen
gasification, in which reaction occurs via channeling of catalyst particles
in the <1120> crystallographic direction. The residual zig-zag faces left by
the channel show no reactivity. These catalysts therefore propagate the ara
chair face at the head of the channel, resulting in continued gasification.

CONCLUS10ONS

The similar apparent activation energy and surface area development for
uncatalyzed and catalzyed hydrogen gasification reactions suggests that
catalysts increase the number of available reaction sites without changing
the reaction mechanism. Surface oxygen enhances the rate of gasification;
this along with evolution of CO> from potassium carbonate during heatup makes
possible the idea that a surface oxygen complex is the catalytic agent.

Based on evidence in the literature, the role of surface oxygen is postulated
to be propogation of the arm-chair configuration of edge sites during
gasification. These arm-chair sites are believed to be the sites at which
hydrogen gasification occurs.
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Introduction

The gasification of carbon with water vapor is an important reaction in
the industrial production of Hz, CHa, CO and C02. The use of catalysts is
necessary if the process is carried out at temperatures below 1400 K. Two
recent reviews discuss the properties of the various catalysts used for this
purpose.(1,2) Alkaline and akaline-earth hydroxides and carbonates are the
catalysts most commonly studied. These compounds only show catalytic activity
at temperatures above 1000 K. Previous work in our laboratory shows that
below this temperature KOH reacts stochiometrically with graphite and water
vapor to produce Hz and a stable surface compound.(3) Transition metals, in
particular nickel and iron, are able to catalyse this process at temperatures
as low as 750 K, but they deactivate much faster than the alkaline and
alkaline-earth salts. Several authors have reported that nickel and iron are
only active as catalysts for this process if the reaction conditions favors
their presence in the metallic state.(4,5)

We have recently reported that several mixtures of a transition metal
oxide with potassium hydroxide are excellent catalysts for the gasification of
graphite with steam.(6) These catalysts are active at temperatures much lower
than the alkaline and alkaline-earth salts and they deactivate more slowly
than nickel and iron. 1In this previous publication it was shown that there is
a synergistic effect between the transition metal and potassium.

This communication summarizes recent results in the study of this type of
catalyst. We have focused on the use of mixtures of potassium hydroxide and
nickel oxide, since they showed the highest activity of all the systems
previously studied.(6) A kinetic study of the gasification of several chars
and the dependence of the ratio of potassium to nickel on the rate of graphite
gasification are presented. Also the interaction between nickel and potassium
is studied using X-ray Photoelectron Spectroscopy (XPS).

Experimental

The gasification rates of graphite and five different chars have been
obtained. The chars pretreatment, elemental composition and ASTM rank are
summarized in Table 1. Nickel and potassium were loaded on the carbon
substrate by dincipient wetness wusing solutions of Ni(NOa)2 and KOH. A
detailed explanation of the sample treatment after catalyst loading 1is given
in a previous publication.(6)

A detailed explanation of the equipment used in these studies is given
elsewhere.(6,7) The kinetic studies were done in a fixed bed flow reactor
with an online gas chromatograph used for product analysis. The total gas
production as a function of time was determined using a gas burette after the
steam was condensed. The XPS study was done in an Ultra High Vacuum (UHV)
chamber coupled to a high pressure cell. This apparatus allewed us to treat
the sample under reaction conditions and to further transfer it to UHV for
surface characterization without exposure to air.
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A1l the kinetic results were obtained in isothermal experiments. The
steam flow through the sample was equivalent to 1 ml of liquid water per
minute. The reactor diameter was 0.6 cm. The reaction temperature was
measured using a chromel-alumel thermocouple 1in contact with the external
wall of the reactor. At the beginning of each experiment, a stabilization
period of 15 min was allowed before data was collected. The principal
reaction products were Hz and CO2. The gasification rates were determined
measuring the Hz2 production because its solubility in water is much smaller
than that of C02. The carbon conversions were determined by dividing the
number of Hz moles produced by two times the initial number of carbon moles.

The XPS experiments were carried out using a Mg-anode source (hv = 1253.6
eV). The data was collected using a detector pass energy equal to 40 ev. The
position of the peaks was calibrated with respect to the position of the Cas
peak of graphite (binding energy = 284.6 eV).

Results

The rate of graphite gasification as a function of time has been studied
at 893 K for several mixtures of nickel and potassium oxides and for the
components deposited alone. Some of the results are shown in Figure 1. The
activity corresponding to nickel deposited alone is given by Curve A. A very
fast 1initial activity 1is observed, but the sample deactivates almost
completeiy after two hours, giving a total carbon conversion of 20%. When
potassium is deposited alone from a KOH solution, no steady state gasification
rate is observed after 15 min of initiating the experiment. Curve B shows the
rate when nickel and potassium oxides are codeposited on graphite with a Ni/C

molar ratio equal to 1.0 x 10 2 and a Ni/K molar ratio equal to 0.1.
Initially, the steady state rate is two orders of magnitude lower than that of
nickel deposited alone (Curve A), but after 6.0 hours the Ni-K mixture has
kept its initial activity while Ni alone has deactivated completely. The
carbon conversion for this catalyst after 6.0 hours is 2.5%, ten times lower
than that of nickel alone. B8ut when the experiment represented by Curve B was
followed 400 hours, a total carbon conversion of 20% was obtained and the
catalyst was still active. When a mixture of nickel and potassium oxides is
deposited on graphite with a Ni/K molar ratio equal to 10.0 and a Ni/C molar

ratio equal to 1.0 x 10 2, an initial rate similar to that of nickel deposited
alone is obtained (Curve C), but instead of deactivating completely after two
hours, the rate levels out at the same rate obtained with the 1:10 Ni:K
mixture (Curve B). These results indicate that for the 10:1 Ni:K mixture only
a fraction of the total nickel 1loading interacts with potassium. The
remaining fraction behaves 1ike Ni metal and it is completely inactive after
one hour. The reaction rate decreases faster than in Curve A because there is
less free nickel on the surface.

The rate of gasification of several chars with steam was studied as a
function of time 1in the presence of a 1:1 mixture of nickel and potassium
oxides. A description of the five chars studied is given in Table 1. For all
of them, the steady state rate after 1.0 hour is at least one order of
magnitude higher than that of graphite (see Figure 2a). This is reflected in
a much higher carbon conversion after 6.0 hours (see Figure 2b), even though
by then the char steam gasification rates have decreased to values similar to
those of graphite.

A comparison of the gasification rates for a 1:1 mixture of potassium and

nickel oxides with that of the components deposited alone is given in Figures
3a and 3b for two of the chars studied (I1linois No. & High Temp. Treat. and
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Montana). In the case of Illinois No. 6 char, it is clear that the mixture is
more active than the sum of the rates of the components deposited alone.
(Compare -Curves A and D in Figure 3a.) In contrast to the results obtained
with graphite, the mixture in this case is more than two times as active as
nickel deposited alone. For Montana subituminous char the rate of
gasification of the mixture is similar to that of nickel alone and higher
than that of potassium (see Figure 3b).

A surface science study of the interaction of potassium, nickel and carbon
in the presence of water is currently being done and some preliminary results
are included in this communication. XPS of the Niapa/2 signal of two systems,
a 1:1 Ni:X mixture codeposited on graphite and nickel deposited alone have
been obtained after exposing them to 24 torrs of water vapor at 950 K. The
kinetic results show that at this temperature both systems are catalytically
active. Figure 4 Curve A shows the spectrum corresponding to nickel deposited
alone. There is a peak at 854.2 eV with a small satellite peak at 862.7 eV.
This is characteristic of nickel in the metallic state and agrees with results
obtained by us for nickel foil. The shoulder at 857.5 eV is due to small
amounts of NiQ in the sample. When nickel and potassium are codeposited on
graphite (Curve B in Figure 4) the binding energy of the Ni2pa/2 XPS peak is
at 856.4 eV. This indicates that nickel 1is present in its +2 oxidation
state. The much larger satellite peak at B64.6 eV also shows that nickel
forms an oxide at this temperature in the presence of potassium. The Tlower
binding energy of the Nizpa/2 peak in the nickel-potassium mixture compared to
Ni0 shows that there is an electronic interaction between nickel and potassium.

Discussion

The kinetic results presented in this paper indicate that mixtures of
potassium and nickel oxides are good catalysts for the gasification of
carbonaceous solids with steam. The high reaction rates and carbon
conversions obtained with the several chars studied (Figures 2 and 3) and the
graphite gasification activity after 400 hours support this conclusion.

In a previous publication we concluded that there is a cooperative effect
between potassium and nickel in this catalyst.(6) The results in this paper
present the clearest evidence obtained so far for this effect. 1In Figure 3a
the gasification rate of I1linois N-6 char 1in the presence of the mixed
catalyst 1is higher than that of the mathematical sum of the rates of the
components deposited alone. The XPS results in Figure 4 show that nickel
deposited alone is active as a gasification catalyst when it is present in the
metallic state, while din the nickel-potassium mixture, the nickel is
catalytically active being in the +2 oxidation state. Also, the shift to
lower binding energies for the Nizpa/2 peak in the potassium-nickel catalyst
when compared to the position of the Ni0 peak 1is evidence for chemical
interaction between nickel and potassium. We propose that this synergistic
effect is due to the formation of a mixed oxide (KxNiyQ) that is not readily
reduced by carbon under our reaction conditions (< 1000K). There is evidence
in the literature for the presence of several nickel-potassium mixed
oxides,(8) but we do not have enough information to decide which one of them
is present in our system.

The results presented in Figure 1 show that there is no interaction
between the nickel metal catalyst and this potassium-nickel mixed oxide. When
the ratio of nickel to potassium is high enough to allow the coexistence of
these two catalysts on the graphite surface, the catalytic behavior observed
can be explained by just adding the rates of the two catalysts; i.e. a very
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high initial rate due to nickel metal that decays to a lower value and then
remains constant for a long period of time due to the catalytic activity of
the nickel-potassium mixed oxide.

Mixtures of transition metals and alkaline metals as catalysts for steam
gasification of various carbon sources have been reported previously. Wigmams
and Moulijn(9) reported that there was no interaction between nickel and KzC0Os
for the steam gasification of chars at 1023 K. Similar results were obtained
in our laboratory when the gasification of graphite was studied above 1000 K.
Also, XPS data obtained in our laboratory show that at 1000 K the nickel is
present in the metallic state, even in the presence of potassium. We suggest
that these results are due to the decomposition to this mixed oxide and
reduction of the nickel by carbon. In contrast with the results reported by
Muolijn and Wigmams, a cooperative effect between a transition metal and an
alkaline metal has been reported by other authors. Adler and Hiittinger(10)
found that mixtures of FeSOs. and Kz250s deposited on PVC coke were better
catalysts than the salts deposited alone. Also, Suzuky et. al.(11) reported
that Na(HFe(CO0)a) is a good catalyst for the gasification of wvarious coals
with steam. They suggest that this high activity is due to the interaction
between iron and sodium.

Further work is currently being done to obtain more direct evidence of the
existence of these mixed oxides and to characterize and understand their
catalytic behavior toward carbon gasification.
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Figure 2a (Top). Steady state steam gasification rates of several

carbonaceous solids after 1.0 hours when a mixture of nickel and

potassium oxides is used as a catalyst.

Figure 2b (Bottom). Percentage of carbon conversion obtained after

6.0 hours when the same catalyst is used.

163




') PUB g S3AURD JO wns |eIljewdyiew 3yj SL Q AN

‘eg auanbry ul (7 @A4n)) auole wnisselod pue (g AUN)) Auore |aYdlu ‘(v aauan)) wnissejod
PU®B [3JLu JO 34NIxLy [:f € “Spunodwod JuaLdiLp 384Y3y Aq pazAlezes ¢(3ybrua) euejuoy pue
(3491) -dws] ybLH 9 SLOULL] “S4BYD 0M] JO4 ) £68 I SBIBA UOLIEILLSED LIRS :f Bunbiy

qg 34anbi4 eg aunbiy
(unw) euny () ewyy
00v 08¢ 00E 0SZ 00Z 0§t OO 03 O OOy ofc o0e o9z ooz ogt oo o8 o
: 2 x_ o X " vo h S e o« o

o 2
& &
K 3
E} 3
= e
@ eain3} sioiw 3 @) \ 3 3
{@ 4TS SuB \ et 2 =
(CELT-TEWEN 3 [ ]
puaben \ ﬁ..

FZz

9T

vz

164



Ni alone {Curve A)

Ni:K 1:1 {Curve B) ¢
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Figure 4. Ni XPS of nickel (Curve A) and a 1;1 Ni:K mixture
pb81{8q

(Curve B) de on graphite. The spectra was taken after
exposing the samples to 24 torr of water at 923 K for 15 min.
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CATALYZED STEAM GASIFICATION OF LOW-RANK COALS
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R.E. Sears, R.C. Timpe, S.J. Galegher, and W.G. Willson

University of North Dakota Energy Research Center
8ox 8213, University Station
Grand Forks, North Dakota 58202

Abstract

Advance coal gasification technologies wusing Tlow-rank coal is a promising
alternative for meeting future demand for hydrogen. Steam gasification tests
conducted at temperatures between 700° and 800°C and atmospheric pressure resulted
in product gas compositions matching those predicted by thermodynamic equilibrium
calculations, 63-65 mol% hydrogen and less than 1 mol% methane. Steam gasification
tests with four low-rank coals and a single bituminous coal were performed in a
laboratory-scale thermogravimetric analyzer (TGA) at temperatures of 700°, 750°,
and 800°C to evaluate process kinetics with and without catalyst addition.
Catalysts screened included K5C03, NapC3, trona, nahcolite, sunflower hull ash, and
recycled lignite ash. Nort% Dakota and Texas lignite chars were slightly more
reactive than a Wyomi ng subbi tumi nous coal char and eight to ten times more reactive
than an I1linois bituminous coal char. Pure and mineral (trona and nahcolite)
alkali carbonates and recycled ash from K,COj-catalyzed steam gasification tests
substantially improved low-rank coal steam gasification rates. The reactivities
obtained using trona and nahcolite to catalyze the steam gasification were the
highest, at nearly 3.5 times those without catalysts.

Introduction

Hydrogen is a key component in petroleum refining, petrochemical processing, the
production of coal-derived synfuels, and can also be used directly as a fuel. Over
the next 45 years, the demand for hydrogen has been projected to increase by a
factor of 15 to 20 (1). Most of the hydrogen currently used in chemical
applications is produced through steam reforming of natural gas; and in refining
applications partial oxidation of petroleum 1is also wused. Advanced coal
gasification technologi es appear to be the most probable alternative for meeting the
future demand for large quantities of hydrogen. Low-rank coals (lignites and
subbi tumi nous coals) are candidate feedstocks for such applications because of their
Tow mining cost and higher reactivity relative to higher rank coals.

The two most important considerations in the design of a process for producing
hydrogen from coal are to maintain operating conditions that thermodynamically favor
the production of hydrogen and carbon dioxide over carbon monoxide and methane, and
to obtain reaction rates that result in reasonable gasifier throughput.
Optimization of the hydrogen content of the product gas requires steam gasification
at relatively mild temperatures in the range of 700° to 800°C and at atmospheric
pressure. In tests at the University of North Dakota Energy Research Center
(UNDERC), a dry synthesis gas containing 63 mol% hydrogen was produced by steam
gasification of low-rank coal (2), which is predicted by equilibrium
thermodynamics. These mild conditions do not, however, promote high reaction
rates. As a result, achieving the maximum coal reactivity by the use of catalysts
is perhaps the most critical factor in producing hydrogen from coal.

The physical and chemical nature of low-rank coals (LRCs) offer several
advantages for a gasification process producing hydrogen. One of these is their
enhanced reactivity compared to coals of higher rank. This increase in reactivity
is caused by higher concentrations of active sites, higher porosity, and a more
uniform dispersion of alkali impurities that act as inherent catalysts (3,4,5).
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The high volatile matter content of lignites could also support their use in
steam gasification to produce hydrogen. If introduced into the hot zone of a
gasifier, devolatilization products may be cracked to form additional hydrogen
(6). Under suitable reaction conditions raw product gas from such a system would
then contain essentially only hydrogen, carbon dioxide, carbon monoxide, and only
small quantities of methane and sulfur gases. In addition to producing hydrogen and
simplifying downstream gas clean-up, cracking of tars and oils in the gasifier would
also reduce contaminant concentrations in the process condensate.

Even with the higher reactivities of LRCs, it will be necessary to enhance
reaction kinetics through the use of catalysts to obtain economic reactor
throughput. There is a wealth of data relating to the use of a variety of catalysts
to enhance the steam gasification kinetics (7 - 16). Alkali metals are generally
accepted as the premier steam gasification catalyst (12,13,16) and thus their
interactions with ash constituents and subsequent recovery are important factors in
the process economics, Catalyst recovery problems associated with the formation of
insoluble potassium aluminosilicates were identified during recovery of the K,CO
catalyst in the Exxon Catalytic Coal Gasification (CCG) process (6). For some Eig
sodium LRCs, a problem of sodium dilution of the recovered potassium catalyst could
be significant. However, if sodium carbonates are also effective catalysts, the
problem of alkali recovery will be mitigated, especially with high sodium LRCs.

The overall objective of the program at UNDERC is to establish the feasibility
of using low-rank coal gasification to produce hydrogen. This paper summarizes the
findings of a themogravimetric analysis (TGA) study of steam-char gasification
kinetics. This work focused on low-rank coals, with limited testing using a
bi tumi nous coal for camparison purposes, and the addition of various catalysts to
enhance low-rank coal reactivity.

Experiment al

The reaction between low-rank coal chars and steam was studied using a DuPont
951 Thermogavimetric Analyzer (TGA) interfaced with a DuPont 1090 Thermal
Analyzer. The TGA reaction chamber was an open quartz tube, secured to the balance
by means of a threaded nut as shown at point (A) in Figure 1. The opposite end of
the quartz tube (point (B) in Figure 1) was connected by rubber tubing to a
ventilation hood. The commercially available TGA system was modified for char/steam
experiments by adding the steam sidearm shown as point (C) in Figure 1. This port
was sealed with a high-temperature gas chromatography septum. The steam inlet line
(1/8-inch stainless steel)} was passed through this septum and into the reaction
chamber {point (D) in Figure 1). Steam was prepared using a "Hot Shot" MB-3L
electric steam boiler. The length of steam line fram the exit of the boiler to the
reaction chamber sidearm was heated continuously at 200°C using electrical heat
tape. The reaction chamber was heated in a program-controlled tube furnace.

Approximately 20 mg, weighed to the nearest 0.01 mg, of as-received coal ground
to particle sizes of -100 x +140 mesh, was evenly distributed on a tared 1l-mm
di ameter platinum pan supported at the end of the TGA's quartz balance beam. Coal
samples were devolatilized in argon prior to the introduction of steam into the
reaction chamber. Argon flow was maintained at approximately 160 cc/min while the
coal sample was heated from room temperature to the target reaction temperature
(700° to 800°C) at a rate of 100°C/min. The average time for devolatilization of
these samples was about 15 minutes.

Char samples produced by the devolatilization procedure were weighed in the TGA
reaction chamber without cooling. Argon flow was reduced from 160 to 60 cc/min, and
steam to the reactor was then started at rates of 1-5 mg/min. Steam flow rates were
determined prior to experiments by collecting steam from the gas outlet (point (B)
in Figure 1) in a cold, tared vessel for approximately 15 minutes.
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Weight, time, and temperature were recorded by the DuPont 1090 Thermal Analyzer
as the char-steam reaction proceeded. Experiments were terminated when the sample's
weight loss approached zero, or in the case of very slowly reacting materials af ter
150 minutes of reaction time. The 1090 Thermal Analyzer was then used to plot
sample weight loss versus time and to print sample weight, temperature, and reaction
time data. Product gases from the system were not analyzed.

Both aqueous impregnation and dry catalyst mixing were evaluated in the TGA
steam gasification test. Preliminary TGA tests showed that reactivity was not
dependent on catalyst addition technique; therefore, only dry-mix systems were used
in the remainder of the TGA test program.

Results

The matrix of char-steam gasification tests conducted by laboratory TGA 1included
experiments for evaluation of coals, catalysts, temperature, and catalyst 1oading.
Indian Head and Velva lignites fram North Dakota, Martin Lake lignite from Texas,
Wyodak subbituminous coal from Wyoming and River King bituminous coal from I1linois
were evaluated. Proximate and ultimate analyses of these coals are given in Table
1. The coal analyses in Table 1 show an uncharacteristically 1ow moisture content
for Indian Head lignite. The low moisture content of this sample, 12.6 wt%, result-
ed from storage in a large nitrogen purged bunker in which a definite moisture grad-
ient was observed fram top to bottom, but did not effect the reactivity of the char.

Table 1. Coal Proximate and Ultimate Analysis

Indi an Hegd Martin River
Velva Lake Hyodak  King

Test Coal Analyses:

Moisture, % 12.6 29.5 33.7 5.1 27.5 11.5
Ash, wtd, mf 17.7 9.0 10.4 22.1 9.6 12.1
Volatile Matter, wt%, mf 38.4 41.2 42.8 39.5 42.3 42.5
Fixed Carbon, wt%, mf 43.9 49.8 46.8 38.4 48.1 45.3

Heating Value, Btu/1b, 8,383 7,721 6,755 7,258 8,043 11,000
as-rec'd

Ultimate Analysis of

Raw Coals, wt%, mf:
Ash 17.7 9.0 10.4 22.1 9.6 12.2
Carbon 58.9 65.0 62.4 56.7 65.7 68.3
Hydrogen 3.3 4.2 3.8 3.8 4.3 5.1
Ni trogen 1.6 1.9 1.4 1.2 1.2 1.3
Sulfur 1.0 0.8 0.5 1.9 0.5 4.0
Oxygen (by diff) 17.5 19.1 21.5 14.3 18.7 9.1

aLow-m_oisture Indian Head coal used for majority of TGA work.
Indi an Head sample used to verify initial TGA results.
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Various alkali sources were tested as catalysts to promote the steam-carbon
reaction, These were K;C0;, NayC03, trona, nahcolite, sunflower hull ash (a
naturally high potassium ‘contaiming ash), and recycled lignite gasification ash.
These substances were selected as prospective catalysts based on their high alkali
content, Catalysis with inexpensive or "disposable" catalysts would substantially
improve the economics of a hydrogen-from-coal process. Likewise, trona and
nahcolite, naturally occurring alkali carbonate materials, are inexpemsive relative
to pure carbonates ( 0.04/1b for trona compared to 0.34/1b for K,C03 and 0.20/1b
for Na2C03). This cost differential suggests their use as disposabzle catalysts.

Reactivity of Coals for Steam Gasification

Tests were performed to establish the uncatalyzed reactivities of the five test
coal chars and plotted in Figure 2. It shows the higher reactivity of low-rank
coals compared to that of River King bituminous coal. The higher reactivity of low-
rank coal chars, documented by many research groups (3,4,5), is believed to be a
result of the higher mineral content, higher concentrations of active sites and
increased porosity of the low-rank coals. Figure 2 also illustrates the linearity
of conversion over the 0 to 50 % carbon conversion range.

Over the initial linear portion of the curves in Figure 2, the carbon conversion
rates for the three lignites were nearly identical, with Indian Head being only
slightly less reactive than the Velva and Martin Lake lignites. However, a definite
hierarchy of reactivity developed as the available carbon supply was depleted.
During reaction of the final 40% of the carbon, Martin Lake lignite showed the most
rapid conversion, followed by Velva and Indian Head.

Steam gasification kinetic data was collected over the range of 700° to 800°C
for assessing temperature effects. The increase in reactivity of each LRC with
increasing temperature is shown in Figure 3. Increasing the gasification
temperature from 700° to 800°C was found to increase reactivities from 2.5 times for
Martin Lake lignite to 3.8 times for Wyodak subbituminous coal. Equilibrium gas
composition modeling and actual product gases from a 1-1b fixed-bed system showed
that the hydrogen content of the gas is virtually unaffected by this temperature
increase (17). Apparent energies of activation were also calculated fram this data
and have been reported previously (18).

Steam Gasification of Catalyzed Coals

Figure 4 shows the rates of carbon conversion at 750°C for each test coal with a
10 wt% KoCO3 loading. Comparison of the data in Figure 2 to that in Figure 4 shows
that K,CU03 addition significantly enhanced the reactivity of each coal. As was the
case for %he uncatalyzed coals, the reactivity of the catalyzed low-rank coals was
far superior to that of the K,CO3-catalyzed bituminous coal. However, the
reactivity ranking of the four low-rank coals was not the same as that observed
without catalyst addition. In Figure 2 Martin Lake lignite was shown to have the
most rapid uncatalyzed conversion rate; however, in Figure 4, Martin Lake was shown
to have the poorest reactivity of the four similarly catalyzed low-rank coals.
Conversely, Wyodak subbituminous coal was the least reactive uncatalyzed low-rank
coal, but showed excellent carbon conversion rates in tests using K,C05.

The effect of temperature on the reactivity of each of the four K,C03-catalyzed
low-rank coals is illustrated in the bar graph of Figure 5. The trend in reactivity
of the K2C03-cata1yzed coals with a temperature increase from 700° to 800°C was very
similar “to~ that shown for the uncatalyzed coals in Figure 3, with reactivity
increasing by a factor of two over the temperature range. For the uncatalyzed
coals, the average reactivity increased by a factor of three over this temperature
range. It has previously been reported that the addition of KZCO3 decreased the
apparent energies of activation by as much as 60% compared to the uncatalyzed coals

(18).
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Several TGA steam gasification tests were performed to evaluate the effect of
K2C03 concentration on lignite reactivity. Velva lignite was used for these tests
as it resulted in the highest reactivity of the four LRCs tested. Tests were
conducted at 750°C using catalyst loadings from 2 to 20 wt%. Data collected from
these experiments were used both to evaluate the effect of catalyst loading for each
of the two carbonates, and to compare the two carbonates catalytic effect over a
range of loadings. Table 2 presents the average reactivities at 50% carbon
conversion for the range of loadings evaluated with both K CO and Na c03 which
indicates a lesser dependence of reaction kinetics on catalys% 10adi ng us1ng Na,CO
Neither catalyst produced a s1gmf1cant rate increase at loadings over 10 wti
however, the reactivity increase with increasing catalyst loading upto 10 wt% was
more pronounced for K,COq catalysis., Over the 2 to 10 wt% loading range, reactivity
values for cho -catzlyzed Velva lignite increased from 3.3 to 5.5 (g/hr)/g vhile
the corresponding increase for the NapCOj-catalyzed lignite was from 4.8 to 5.5

(g/nr)/g.

Table 2. Effect of Variable Catalyst Loadings on Velva Lignite Char Reactivity
in Steam at 750°C

I-(0.5, {9/hr)/q
Catalyst Loading wt%

of As-received Coal K2C03 NasC03
0 2.0 2.0
2 3.3 4.8
5 4.1 4.9
10 5.5 5.5
15 5.7 5.9
20 5.7 6.1

Comparison of Catalyst Effectiveness

Data plotted in Figure 6, compares carbon conversion rates for uncatalyzed Velva
lignite and for Velva catalyzed with each of the six additives found to give
positive catalytic effects. The nearly identical reactivities observed for Ky(0,
and Na,C0O3 catalysis are illustrated, as the two conversion curves are super-
1mposab2Ie throughout the gas1f1cat1on phase. Figure 6 also illustrates the
catalytic effects of sunflower hull ash and the mineral additives. Twenty percent
sunflower hull ash (23 wt% potassium) was less effective than 10% loadings of the
carbonates; however, reactivity was much improved over the uncatalyzed coal, with
complete conversion occurring in less than 20 minutes. The reactivity for the 20%
sunflower hull ash/Velva lignite system at 750°C was 4.3 (g/hr)/g as compared to
only 2.0 {g/hr)/g without additives.

Perhaps the most significant results illustrated in Figure 6 were the rapid
carbon conversions obtained using trona and nahcolite as gasification catalysts.
Both trona and nahcolite produced more rapid conversion of Velva lignite than did
addition of the pure carbonates. Approximately 90% carbon conversion was achieved
in 8 minutes using either 10 wt% trona (29% sodium) or nahcolite (15% sodium),
whereas when using the same wt% pere K,C03 (47% potassium) or NapCO3 (37% sodium)
about 10 minutes was required to achieve 90% conversion. For grona catalysis a
reactivity of 6.9 (g/hr)/g was obtained compared to 5.5 {g/hr})/g using an identical
loading of either KoC03 or Na,C03 at the same gasification conditions. At these
conditions, nahcolite catalysis resulted in a reactivity slightly lower than that
obtained using trona (6.2 (g/hr)/g).
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The effectiveness of these naturally occurring mineral catalysts is important to
the development of a commercial hydrogen-producing steam coal gasification
process, Based on the relative costs of the feedstock, use of these materials would
be more favorable to process economics than would pure alkali carbonates. An
additional consideration is that cost and availability of these materials may be
such that catalyst recovery would be unnecessary.

Conclusioms

Uncatalyzed lignites and a subbituminous coal were found to be eight to ten
times more reactive with steam at 700°-800°C than an Illinois bituminous coal. This
relationship, within this narrow temperature range, is important as this is the
range that thermodynamically favors the production of hydrogen from steam
gasification at atmospheric pressure. The reactivity of the uncatalyzed coals
increaﬁed 3 to 4 times with an increase in steam gasification temperature from 700°
to 800°C.

For the catalyzed coals during steam gasification:

0 Reactivity increased approximately 2 times over the 700° - 800°C temperature
range for low-rank coals catalyzed with potassium carbonate.

o Sodium carbonate was found to be as effective a catalyst as potassium carbonate
for the steam gasification of low-rank coal chars on a mass loading basis.

0 Alkali carbonate loadings equal to 10 wt® of the as-received coal mass resulted
in low-rank coal reactivities 2.5 to 3.5 times higher than those measured for
the uncatalyzed low-rank coals.

o Naturally occurring mineral sources of sodium carbonates/bicarbonates, trona and
nahcolite, are as effective in catalyzing low-rank coal steam gasification as
the pure carbonates.

o Use of these naturally-occurring carbonates sources should be a primary focus
of continued research. The low cost of trona or nahcolite relative to the pure
carbonates suggests that a potential for their use as disposable catalysts
exists which would enhance operability and process economics in a hydrogen-
from-coal gasification process.
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COAL GASIFICATION WITH INTERNAL RECIRCULATION CATALYSTS

by

A H. Hill1l, G. L. Anderson
Institute of Gas Technology
3424 S. State Street
Chicago, IL 60616

and

M. R. Ghate, W. Liou
U.S. Department of Energy
Morgantown Energy Technology Center
P.0. Box 880
Morgantown, WV 26507

One of the primary economic penalties of many catalytic coal gasification
processes 1s recovery of the added catalysts from the spent char. For exam-
ple, the EXXON catalytic coal gasification process as presently conceived,
requires several stages of digestion with calcium hydroxide to recover potas-
siun from the converted char and then the digestion only recovers between 65
and 85% of the potassium.

Recently, IGT has been exploring a process concept that might avoid this
complex and costly situation. In the IGT process concept, a coal gasification
process with an inherent thermal gradient (e.g., Lurgi, staged fluidized-bed
processes, etc.) and a catalyst that is semivolatile under gasification condi-
tions are used. The semivolatile catalyst is sufficiently volatile at the
highest temperature encountered in the lower section of the gasifier, that it
is completely vaporized from the char before the char is discharged. The
catalyst, however, is nonvolatile at the lowest temperature encountered in the
upper section of the gasifier so that it precipitates on the cold, feed
coal. The catalyst, therefore; is automatically recycled from the product
char to the fresh coal and the need for catalyst recovery is eliminated.

Three different materials have been undergoing testing by IGT as semi-
volatile catalysts. These materials were selected based on an examination of
their vapor pressures and the following process assumptions. It was assumed
that a catalyst loading of approximately 5 wt % is sufficient for catalyzing
the gasification reactions, that the temperatures in the gasifier vary from
600° to 1600°F, that the gasifier operates at 1000 psig with a product gas/
coal feed ratio of 15 SCF/lb, and that a rate of loss of catalyst in the
product gas of less than 1% of the circulation rate of the catalyst in the
gasifier is acceptable. With these assumptions, the requisite vapor pressure
of the "semivolatile” catalyst in the hottest section and the coldest section
of the gasifier was calculated to be greater than 1.0 atmosphere at 1600°F
(870°C) but less than 10 mm Hg at 600°F (315°C).

The materials identified to have the proper physical properties are shown
in Table 1. Arsenic in its elemental form is relatively stable under reducing
conditions. Some arsine, AsH,, formation is expected; but at high total
arsenic partial pressures and moderate temperatures, more than 99Z of the gas
phase arsenic is expected to be present as As, and As, . Although less is
known about the behavior of cadmium, studies Eave shown that fines generated
in coal gasification are highly enriched in cadmium, indicating "semivolatile”

176



Table 1. MATERIALS WITH VAPOR PRESSURES IN THE DESIRED RANGE FOR A
"SEMIVOLATILE" CATALYTIC COAL GASIFICATION PROCESS

Temperature (°F) for a
Vapor Pressure of:

Element 10 mm HG 1l atm
Arsenic 819 1130
Cadmi um 903 1403
Cesium Hydroxide 1160 1790

behavior in the gasifier. Cesium hydroxide, on the other hand, is known to
enhance the reactivity of carbon towards steam. Studies have also presented
evidence for the volatility of cesium hydroxide under gasification conditions.

This paper summarizes the results of 1) laboratory-scale batch reactor
screening tests conducted to evaluate the performance of arsenic, cadmium and
cesium hydroxide as catalysts for coal gasification and 2) continuous bench-
scale tests with cesium hydroxide, the most effective catalyst tested in the
initial screening tests, to determine the volatility of cesium hydroxide,
i.e., its release from the char before discharge, under continuous gasifica-
tion conditions.

EXPERIMENTAL

Laboratory-Scale Screening Tests. During the catalyst screening portion
of the project, 49 char gasification tests were conducted in the laboratory-
scale batch reactor catalyst testing unit pictured in Figure 1. The reactor
is constructed of Rene 41 steel and 1s 12-inches high with a 0.05-iach I.D., a
2-inch 0.D., and a 28-cm3 capacity. The high temperature valve (Figure 1) has
an extended stuffing box which allows the body of the valve to be located in
the furnace with the reactor. This 1s necessary to avoid condensation of both
the steam and semivolatile catalyst during the test. Tests were coanducted
with devolatilized North Dakota lignite and Illinoils No. 6 bituminous coal
chars. The chars were prepared in a separate l-inch-diameter fluidized-bed
reactor with nitrogen as the fluidizing gas. Analyses of the chars used in
the study are presented in Table 2.

The batch reactor char gasification tests were conducted under the
following conditions:

Temperature: 1200°, 1300°, 1400°F
Initial Pressure: ~160 psig
Gasifying Medium: Steam, Hydrogen
f Char Particle Size: ~200 Mesh
Char Residence Time: 3, 6h
Catalyst Loading: 10 Wt %
Char Sample Weight: ~200 mg

The experimental procedure was as follows. With arsenic or cadmium, the char
and the appropriate amount of powdered metal were thoroughly mixed in a high-
speed pulverizing shaker. About 220 milligrams of the mixture was then
weighed out and placed in a small quartz test tube. A sufficient amount of
water (~240yl) was then added to the mixture with a volumetric syringe such
that the resultant water—-to-carbon molar ratio was 1. 1In tests with cesium
hydroxide, a 50 wt % solution of cesium hydroxide in water was added to the
char in the test tube. Additional water was then added to give the required
water/carbon molar ratio of 1.



Table 2. ANALYSIS OF THE CHARS USED IN THE LABORATORY~SCALE
BATCH REACTOR GASIFICATION TESTS

North Dakota Illinois No. 6
Lignite Bituminous
Elemental Analysis* wt % dry
Carbon 75.88 80.90
Hydrogen 0.65 0.58
Nitrogen 0.86 1.21
Ash 20.86 14.16
Total 98.25 96.85

Carbon, hydrogen and nitrogen determined by ERBA analyzer (Automated
Elemental Analyzer) which was used to analyze residues of all batch
reactor tests.

The test tube containing the char/catalyst/water mixture was placed into
the reactor, the reactor was reconnected to the system, and the system and
reactor were then evacuated. To prevent losing the added water during evacua-
tion, the reactor was placed in a dry-ice bath to freeze the water in the test
tube. After evacuating the reactor, the dry-ice bath was removed, and the
reactor was allowed to come to ambient temperature. The reactor was then
placed into the furnace and was charged with sufficient hydrogen (~160 psig)
such that the resultant hydrogen-to-carbon molar ratio is 1. After the
reactor was charged with hydrogen, the high-temperature valve was closed, the
remainder of the system was evacuated, and the furnace was allowed to heat up
to the desired operating temperature. When the desired time had elapsed, the
furnace was turned off and opened, allowing the reactor to cool to amblent
temperature.

The reactor valve was then opened and the total system pressure was
measured. This allowed the total moles of non-condensible gas in the system
at the end of the test to be calculated. A sample of the product gas was then
taken for analysis, and reactor was depressurized and opened. The test tube
containing the mixture was removed from the reactor, and the residue was
subnitted for chemical analysis.

Bench—Scale Tests. Cesium hydroxide catalyzed and uncatalyzed char
gasification tests were conducted in a 2-inch I.D. bench-scale unit (BSU).
Nine tests were conducted in the BSU with North Dakota lignite and Illinois
No. 6 bituminous chars. The chars used in the BSU gasification tests were
prepared in an IGT 4-inch I.D. fluidized-bed reactor. Analyses of the chars
used in the gasification tests are given in Table 3. The cesium hydroxide’
catalyst (Alfa Products®) was obtained as a hydrated solid containing about
85 wt % cesium hydroxide. It was deposited on the char by evaporation from
solution under vacuum at 105°C.

The BSU 15 shown in Figure 2. It consists of a reactor (2-inch I.D.,
39.125-inches long) and associated equipment for feeding and measuring the
flow rates of char, steam, reference/purge gas (argon); for collecting and/or
measuring the flow rates of residue char, liquid product, and product gas; and
for collecting representative samples of the product gas.

In this unit char 1s fed to the top of the reactor by a calibrated screw
feeder from a pressurized feed hopper, while the residue char 1s discharged
from the bottom of the reactor into a pressurlzed residue receiver by a
discharge screw. A piston—type metering pump is used to pump water from a
reservolr Into a steam generator that provides steam for the reactor.
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Table 3. ANALYSES OF CHARS USED IN THE BSU GASIFICATION TESTS

North Dakota Illinois No. 6
Char Type Lignite Bituminous
Proximate Analysis, wt %
Moisture 6.06 0.00
Volatile Matter 14.38 2.34
Fixed Carbon 64.69 81.59
Ash 14.87 16.07
100.00 100.00
Ultimate Analysis, wt %
Ash 15.83 16.07
Carbon 71.25 77 .63
Hydrogen 1.87 . 0.91
Sulfur 1.54 2.58
Nitrogen 0.79 1.11
Oxygen 8.72 1.70
100.00 100.00

The reactor steam enters the bottom of the reactor above the discharge screw
through a dip tube. Metered and preheated argon is added as an internal
reference and carrier gas and enters the bottom of the reactor between dis—
charge screw and the exit of the steam dip tube.

Effluent gases from the top of the reactor pass through two water-cooled
condensers in series. The condensed liquids are drained into separate vessels
and welghed. An "aliquot" sample of the product gas is taken for componential
analysis by feeding a portion of it into a water-sealed gas holder during
selected periods of each test. "Spot" gas samples are also taken throughout
the test period for componential analysis.

In a typical run, the reactor was initially filled with char and/or a
char/catalyst mixture. After charging the reactor the system was flushed with
argon. The temperatures of the reactor, steam pre-heater, super-heater and
line heaters were then brought to operating temperatures in 1 to 2 hours and
(except for Test 9) were maintained at these values for the duration of the
test.

Gasification data were collected beginning immediately after the reactor
furnace heaters were turned on and continued to be collected for 3 hours after
the introduction of the steam to the reactor (fixed-bed operating period).
Steam was fed after the lower zones of the reactor reached 1400°F.

Gasification data were also collected for an additional 5 hours after the
3-hour fixed-bed operating period under moving-bed conditions. Steady-state
conditions were attained during the last two hours of the moving—bed operating
period of Tests 2 and 3. "Steady-state” is defined as a condition wherein the
reactor pressure is stable, the temperature profile in the bed, char feed rate
and bed helght are essentially constant.

In this study product gas compositions were determined by gas chroma-
tography. Feed and residue char compositions and the carbon content of the
condensate samples were determined by standard ASTM methods. The cesium
content of the catalyzed feed and residue chars, steam condensate and the
water used to rinse the reactor and product gas exit lines were determined by
atomic absorption spectroscopy.

After each test was completed, the weight of the char fed was determined
by weighing the char initially charged to the feed hopper and the char
remaining in the feed hopper at the end of the test. The residue char was




also weighed after the test. Feed and residue char rates were calculated by
dividing these weights by the measured char feeding time.

Results and Discussion. Figures 3 and 4 compare the measured effects of
arsenic, cadmium and cesium hydroxide on the rate of gasification of lignite
and bituminous char in the laboratory-scale batch reactor char gasification
tests. The relative rate of gasification of the uncatalyzed and catalyzed
chars are expressed in Figures 3 and 4 as reactivity ratios, i.e., the ratio
of carbon conversions (X ) obtained in the catalyzed tests and the average of
all the carbon coaversioas (Xc) in the uncatalyzed tests at each tempera-
ture. A reactivity ratio value of one (shown by the horizontal line in each
figure) indicates no effect of the catalyst on the char reactivity by the
catalyst.

Although a great deal of scatter remains in the data shown in Figures 3
and 4, it is apparent that ceslum hydroxide 1s more effective than arsenic or
cadmium for char gasification. Increasing the reaction temperature strongly
increases the catalytic effect of cesium hydroxide on the bituminous char
reactivity, but has little effect on the lignite char reactivity.

A summary of the BSU gasification tests is given in Table 4. A number of
operational problems prevented all but Tests 2 and 3 from being conducted
under continuous moving-bed conditions. In Tests & and 5 (in which the
catalyst was placed in reactor Zones 2 and 3 only), the formation of a
clinker-like mass blocked the downward movement of the bed and, therefore,
prevented residue discharge. In Tests 6, 7 and 9, moving—bed conditions could
not be attained because the catalyzed char adhered to the reactor walls and
prevented residue discharge.

The dry gas production rates for the tests with uncatalyzed and catalyzed
bituminous char during the reactor heat-up and the fixed-bed operating periods
are shown in Figure 5. The addition of catalyst to the bituminous char
increased the gas production rate by as much as 72%.

The tests with catalyzed lignite char also showed consistently higher gas
production rates than the tests without catalyst. In Tests 4 and 5, the
catalyst was placed in the hottest zone of the reactor. The gasification rate
with this distribution of catalyst quickly increased to very high values but
then decreased rapidly as gasification proceeded, to the rates obtained with
the uncatalyzed char. Distributing the catalyst evenly throughout the
reactor, as was done in Tests 6 and 7, resulted in gasification rates that
were initilally slightly higher than in the tests with the uncatalyzed chars
but the rate of gasification tended .to decrease less rapidly with time.
Although the lignite char showed higher overall gasificationr reactivity, the
catalyst 1s 33% more effective in catalyzing the gasification of the less
reactive bituminous as compared to the lignite char.

The dry gas constituent production rates during the reactor heat-up and
fixed-bed operating periods for the uncatalyzed and catalyzed bituminous char
are shown in Figure 6. Hydrogen and carbon dioxide account for most of the
increases in the catalyzed dry gas production rates in both the bituminous and
lignite char gasification tests. In the two lignite gasification tests, where
the catalyst was concentrated in the two hottest zones of the reactor (Tests &4
and 5), a small increase in the production rate of carbon monoxide and methane
relative to the hydrogen was observed.

Figures 7 and 8 compare the cumulative carbon gasified as a function of
time for both char types during the fixed-bed operating period. A significant
increase in the total amount of carbon gasified is shown in the catalyzed char
tests. The exteat of the increase is highly dependent on where the catalyzed
char was initlally placed in the reactor before heating.
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The disposition of the cesium catalyst in the various solid and liquid
product streams from the bench—scale reactor has been 1lnvestigated. The
results have thus far indicated minimal movement of the cesium from its
initial position under the applied test conditions. This suggests that either
higher temperatures or lower pressures might be required to effect cesium
volatilization from the char.

Plans are to conduct larger-scale BSU tests, wherein the operating
problems encountered in the 2-inch BSU might be avoided, to answer this
question.
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OXYGEN CHEMISORPTION AS A TOOL FOR
CHARACTERIZING "YOUNG" CHARS

E. M. Suuberg, J. M. Calo, and M. Wojtowicz
Division of Engineering
Brown University
Providence, Rhode Island 02912

The introduction of the concept of active surface area (ASA) as measured
by oxygen adsorption [N. R. Laine, F. J. Vastola, and P. L. Walker, Jr.,, J._ Phys,
Chem,, 67, 2030 (1963)] has led in recent years to various attempts to correlate char
reactivity towards oxygen-containing gasification agents (e.g, CO,). As may be seen
from the literature, this approach has met with some, although not universal, success.
Theories have been advanced which suggest that only a portion of active sites may
participate in actual gasification reactions.

Hampering a fundamental understanding of what the role of active sites
might be is lack of information on their nature. A wide variety of conditions has
been suggested for measurement of ASA, generally involving temperatures in the
range from 100°C to 350°C and oxygen pressures from fractions of a torr to
atmospheric. Only in a few cases have these conditions been critically evaluated. In
this paper, a series of experiments is reported upon, which seek to establish the
importance of these conditions on determining the ASA of "young" chars (i.e., not
heat treated for extended timcs).

1.0 Introduction

Gasification of carbonaceous solids has historically been and remains an area
of significant scientific and technological interest (1-7). It has been well established
that the reactivity of char to gasification generally depends upon three principal
factors: (a) the concentration of "active sites" in the char; (b) mass transfer within
the char; and (c) the type and concentration of catalytic impurities in the char. This
paper is concerned with the nature of the active sites, and attempts to elucidate
further what is normally being measured as active sites. It has been shown, or at
least implied, by the results of various workers that active surface area (ASA) is a
better predictor of char reactivity than is total surface area (TSA) (8-10). The most
frequently employed technique for dectermining active sites in chars is oxygen
chemisorption (8-16).

The gradual pyrolytic evolution of hydrocarbons (possibly including
heteroatoms) to highly carbonaceous solids is accompanied by dramatic changes in the
gasification reactivity of such materials. Here we are concerned with the gasification
behavior of chars that have already undergone active pyrolysis in which most
hydrocarbon gases and tars are evolved. The issues involved in transient high rate
hydrogasification or steam reactivity during pyrolysis (e.g., 1, 17, 18) are not
addressed here.

Active sites in relatively pure carbons are normally thought to be associated
with various types of imperfections in the carbon structure. Work with graphite has
suggested the important role of earbon crystallite edges or dislocations. The majority
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of mechanistic theories of carbon gasification are based on the "pure-carbon-surface-
imperfections” model. This is appropriate for chars that have been heat-treated at
high temperatures for extended periods of time and thus have relatively low residual
oxygen and hydrogen contents (i, "old" chars). Some caution must be exercised in
applying results obtained from pure carbons to "young" chars. This point will be
considered further' below.

Carbon gasification theories are based largely upon chemisorption-desorption
mechanisms (some also allow for surface diffusion of intermediates). There is some
evidence to suggest that the same type of oxygen-carbon complexes are involved in
oxygen, steam, and carbon dioxide gasification (2,19). A correlation has also been
demonstrated between active sites involved in hydrogen gasification and those
involved in carbon dioxide gasification, although there is no direct proof that the
sites involved are indeed the same in both cases (l). There is, however, a
legitimate concern that the concept of "active sites” may be too broad, and that
active sites may in fact be quite different in "young" chars than in "old" chars. It is
the issue of what exactly is being measured by oxygen chemisorption which will be
addressed in this paper.

There exists a distinction between "active” sites that are reactive and those
that are nonreactive at a given temperature. The reactive "active" sites are
responsible for the release of surface carbon oxides, while the nonreactive "active"
sites will chemisorb oxygen but will not release surface oxides at the temperature
under consideration, Raising the temperature of the carbon converts some
nonreactive to reactive "active" sites (5,8). This mechanism, combined with the
expected Arrhenius-type enhancement of chemical reaction rates, results in increasing
gasification rate with temperature.

The preceding effect, however, is not always observed, and thus other
factors must also play a role. For example, it has been observed that the rate of
carbon combustion normally increases with increasing temperature, up to about 1500K.
In the 1500-2000K temperature range, however, it has often been noted that the rate
of combustion actually decreases with increasing temperature (S5,20-23). One
explanation for this behavior is known as "thermal annealing" (3,5, 24-26). This
same effect has also been postulated as being responsible for a decrease in reactivity
towards other gases as well (1,27, 28). There is a trend towards lower reactivity
with increased time and temperature of char heat treatment (1, 29-35). This
behavior reflects a progressive and continuous ordering of the remaining carbon and
is actually an extension of the pyrolysis process.

It would, therefore, seem logical to associate the temperature dependence of
the annealing process in chars with the activation energies of the latter phases of
pyrolysis; ie., 100 to 200 kcal/mol typical for high temperature H, release (36) and
graphitization (37), respectively. In fact, this range is consistent with the results of
a few studies on pure, relatively graphitic carbons (21, 26). The values of
annealing reaction activation energies derived from experiments with younger chars
have been generally lower, however.

In the present study, we examine the chemisorption behavior of relatively
young chars only, so in comparing this study to those on graphites or chars produced
by prolonged heating at high temperature, caution must be exercised. In this study,
the effects of temperature and oxygen pressure on chemisorption behavior are
considered.
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Experimental

Two different kinds of chars were examined in the course of this study.
One was prepared from pyrolysis of a previously demineralized North Dakota lignite,
the composition of which is shown in Table 1. Demineralization was accomplished
by washing the sample with HCl, followed by HF and again followed by HC],
according to the technique of Bishop and Ward (38). The residual mineral matter
content of the lignite was determined to be approximately 0.8%. The other char
which was examined was derived from a phenol-formaldehyde resin, carefully
synthesized so as to avoid any cation contamination.

Table 1
c H N S Ash o
North Dakota Lignite® 65.6 3.6 1.1 0.8 11.0 17.9
Phenolic Resin 73.9 5.5 0 0 0 20.6
Phenolic Resin Char* 87.2 1.6 0 0 0 11.2

All analyses on a weight percent, dry basis. Oxygen by difference.
*The analysis is for the as-received lignite, prior to demineralization.
*Pyrolysis as indicated in the text.

Both samples were pyrolyzed at similar conditions. Pyrolysis was performed
under inert gas (helium). The resin samples were heated at a rate of 4 to 5°C/min
to a maximum temperature of 950°C, held for about 2 hours at temperature, and
then cooled to room temperature at a rate of 2 to 25°C/min. Samples were never
permitted to contact oxygen while at high temperatures, except during the actual
chemisorption experiments. The weight loss during pyrolysis was approximately 40%.
The total surface area of chars produced this way was roughly 300m?/g. The
lignite sample was hcated at a rate of about 3°C/min to 1000°C, held at this
temperature for 2 hours, and then cooled to room temperature at a rate comparable
to the heating rate. The weight loss of the lignite during pyrolysis was 42.3%.

o Prior to chemisorption, samples were always outgassed for about 2 hours at
950“C, under helium.

Generally, chemisorption was performed in a TGA type device. About
50-100 mg of powdered sample was placed in a quartz bucket, the system tared, and
mass change followed as a function of time, at the desired oxygen partial pressure
and temperature. Experiments were performed to assess the effects of oxygen
pressure and temperature on oxygen chemisorption behavior.

Effe f mperature on Ox hemisorption Behavior

There exists a voluminous literature on low temperature oxidation of coals
and a significant number of studies on low temperature oxidation of chars.
Generally, the analysis of oxygen uptake in these systems has been analyzed in terms
of the Elovich equation, expressed as

dq/dt = a exp(-ba)
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where q is the amount of oxygen chemisorbed per gram of char, and a and b are
constants, Recent work on 550°C cellulose char has shown the data on oxygen
uptake at temperatures between 74 and 207°C to be reasonably fit by this equation,
and implies a linear increase in chemisorption activation energy from 13 to 25
kcal/mol with increasing extent of uptake (39). These data were interpreted, together
with ESR data, to suggest that far more oxygen is chemisorbed than there are free
radical sites initially available. A chain reaction via peroxy radicals was ruled out
on the basis of the high activation energies. A Diels Alder reaction was postulated,
but not vigorously supported. This is representative of the uncertainty concerning
oxygen uptake mechanisms on chars. The mere fact that the Elovich equation fits
data does little to establish mechanism; as has been pointed out, the Elovich equation
may be consistent with several different types of sorption isotherms (5). Its validity
in interpreting results from porous samples has been questioned as well (40).

It is against this background of uncertainty in mechanism that the data on
the effect of temperature on chemisorption are analyzed. Generally, a fresh young
char surface, when first exposed to oxygen, rapidly picks up oxygen and then
continues to pick up oxygen at an ever decreasing rate for many hours subsequently
(consistent with the form of the Elovich equation).

The effect of temperature on the amount of oxygen chemisorbed by a char
has been studied to a limited extent previously. An Australian brown coal char
pyrolyzed for more than 10 hours at 1000°C showed a trend of increasing oxygen
capacity with increasing temperature of chemisorption between 25 and 200°C (41).
Experiments with a higher rank coal char prepared at similar temperatures showed
that oxygen capacity increased with temperature only up to about 100°C (16), while a
550°C cellulose char showed increasing oxygen uptake with increasing temperature up
to at least 207°C (39). An activated graphon (highly graphitized carbon black)
showed increasing chemisorption capacity with increasing temperature up to at least
550°C (13). The actual temperature dependence of saturation amounts of uptake was
seen to be quite complex (12).

As a result of the uncertainty concerning the effect of temperature on
chemisorption behavior, several tests were performed with the chars of interest in this
study. In both series of experiments, chars with initially clean surfaces were
subjected to "staircase" temperature profiles under an atmosphere of dry air. Figure
1 shows the results of these tests. In the case of the resin char, there is evidence
for increased capacity with increasing temperature up to 300°C, at which temperature
the mass begins to decrease due to decomposition of the surface oxides. In the case
of the lignite char, the effect of temperature is much less pronounced and mass loss
becomes evident at 250°C.

Thus, it must be concluded that the effect of temperature on chemisorption
may vary widely from char to char, and there is a legitimate question as to what
exactly is being measured at any arbitrary condition. Depending upon the situation,
the maximum uptake may be an artifact due to competing processes of continued
chemisorption and desorption of complexes. In the case of the resin char, the
apparent activation energy for the high temperature decomposition process is 29
kcal/mol.

Eff f Oxygen Pressure on Chemisorption Behavior

The effect of oxygen pressure on chemisorption behavior has also been
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studied to only a limited extent previously. It was found for 1000°C Australian
brown coal char that both reversibly sorbed and chemisorbed oxygen increased in
amount with increasing pressure of oxygen (from 161 torr to 760 torr) (41). On the
other hand, a sample of higher rank coal char which had been pyrolyzed at 1000°C
showed no variation in oxygen chemisorption capacity for pressures ranging from
about 7.6 torr to 760 torr (16). In another study, a graphon sample displayed oxygen
chemisorption capacity which was markedly pressure dependent in the pressure range
0.5 torr to 700 torr (13). The increase in oxygen chemisorption with oxygen pressure
was also observed at high temperatures (615°C, 42).

In seeking to better characterize oxygen chemisorption as a diagnostic
technique, a series of experiments was conducted in the present study at various
partial pressures of oxygen. The results of these tests are shown in Figure 2. It is
apparent that the partial pressure of oxygen has a marked influence on the rate of
uptake of oxygen, and apparently, on the ultimate oxygen capacity of the sample.

Conclusions

The obvious conclusion that can be drawn from this work is that oxygen
chemisorption can hardly be termed a site-specific analytical technique, at least when
applied to typical young chars. The fact that apparent oxygen capacities are
sensitive to temperature and pressure does not necessarily imply that oxygen
chemisorption is not useful as a correlative tool; it has been shown that active site
concentrations, as measured by chemisorption of oxygen, do correlate reasonably well
with char reactivity in several cases (e.g., 8,9). Still, the solid evidence for the
relationship between chemisorbed oxygen complexes and gasification have come mainly
from a series of very careful studies on very "old" chars, oxidized at moderate
temperatures (8,11-15).

This raises the question as to what value oxygen chemisorption techniques
are in characterizing young chars. Clearly, as a characterization technique,
chemisorption is difficult enough so as to make actual gasification reactivity tests
look more attractive, if this is the information which is actually desired. At present,
when applicd to young chars, the oxygen chemisorption technique must derive its
value from bcing a tool for studying the actual mechanism of gasification of these
materials,
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IN-MINE VARIATION AND ITS EFFECTS ON COAL GASIFICATION

Scott F. Ross and David R. Kleesattel

University of North Dakota Energy Research Center
Box 8213, University Station
Grand Forks, North Dakota 58202

Abs tract

As reported earlier (1), four different lithologic layers have been identified
in the Freedom Mine (Mercer County, North Dakota) which supplies the lignite for the
Great Plains Gasification Associ ates plant in Beulah, North Dakota. The layers were
identified on the basis of readily observable megascopic characteristics including
luster, fracture characteristics and the presence of clay and silt zones. Lignite
sampled from each of the four layers has been pyrolyzed in a bench scale reactor
system designed to simulate the production of gas liquor condensate from the
pyrolysis zone of an actual gasifier., The yields of water-soluble organic effluents
fram each of the layers were found to differ significantly, particularly the yields
of phenol, cresol and catechol.

Introduction

The treatment and removal of water-soluble organic ef fluents fram wastewater is
an important issue facing coal gasification technology. The extent of treatment is
governed by the reuse or envirommentally acceptable disposal of the wastewater,
Downstream effluent treatment is also dependent on the nature and quantity of tars
pyrolysis and devolatilization reactions in the upper portion of the gasifier. It
is desirable to develop a laboratory test to simulate the production of water-
soluble organic effluents from a gasifier, thereby eliminating expensive pilot-plant
tests. Such a test could eventually be a method of assessing the gasification
potential of various coals, and the resulting data base would be helpful in
designing ef fluent treatment systems for gasification plants.

In working towards the development of such a test, the technique was found to be
sensitive to changes in coal quality which occur withing the same mine. With the
discovery of distinct lithologic layering within a mine which supplies coal to an
actual commercial gasifier, an investigation into the effects of in-mine variation
on coal gasification was initiated.

Experiment al

A laboratory scale tubular reactor was constructed which allows for the
pyrolysis of up to five grams of coal in a variety of gas atmospheres. A Lindbergh
split-type furnace with a maximum temperature of 1100 C and a programmable heating
rate of 5°C/min. to 45°C/min. allowed for reproducible heating of the samples. A
liquid nitrogen cooled trap was used for the collection of water-soluble organic
effluents. After completion of the experiment the trap was allowed to warm to above
0°C and the water-soluble orgamics analyzed by gas chromatography (2).

The coal samples used in this study were collected at the Freedom Mine (Mercer
County, MNorth Dakota). The samples were ground to -60 mesh and pyrolyzed in a

gisgsggen atmosphere using a heating rate of 45°C/min. and a final temperature of

TOSCO Materi al Balance Assays were provided by J & A Associates, Inc., Golden,
Colorado. The procedure has been described elsewhere (3).
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Standard quantitative maceral analyses (4) were performed on representative
samples from each of the four lithologic layers. Lignite samples were prepared for
micropetrographic analysis as described in ASTM procedures (5).

Results and Discussion

During a mine study in May 1984, major 1ithologic units occurring as layers in
the Beulah-Zap bed of the Sentinel Butte Formation (Paleocene) were observed. The
seam was subdivided into four 1lithologic units on the basis of overall megascopic
characteristics (Figure 1). The criteria for these subdivisions were:

1. appearance of the broken surfaces of the units on a large scale as they appear
in the high wall;

2. luster of the coal;

3. fracture characteristics, hardness and surface appearance of the coal on a small
scale (1-10 cm);

4. presence of lithologically distinct units including thin layers of fragmental
coal, clay, and silt layers and concretionary zones.

There is evidence to suggest that the units are not entirely local in extent but
persist widely in the Beulah-Zap bed (6).

Lignite was sampled from each of the four layers in a vertical sequence with th
samples being collected within a few meters of each other. The samples wer:
pyrolyzed as described above and the water-soluble orgamic effluents were
analyzed. The yields of the water-soluble organics from each of these four samples
and their corresponding proximate and ultimate analyses are given in Table 1. Based
on the pyrolysis yield data, the top three layers appear to be quite similiar.
However, layer four shows considerable differences in the yields of methanol,
phenol, cresols and catechol. In fact, layer four appears to be an entirely
different coal. Layer four is separated from the other three layers by a locally
thin, inorganic-rich zone or clay layer, suggesting that a marked difference in the
depositional environment could have occurred. The proximate and ultimate analyses
for the four layers are quite similiar, however, and provide no explanation as to
why the fourth layer should behave so differently upon pyrolysis than the other
three layers. In particular, a comparison of maf ultimate data for layers 2 and 4
shows great similarity, yet pyrolysis yields of water-soluble organics are radically
different. This suggests that a plant operator could not rely on routine coal
analysis as the predictor of wastewater characteristics.

The data from the TOSCO Material Balance Assays are given in Table 2. The most
obvious difference is the tar yields for the four layers. There is a 44% decrease
in tar yield between layer 1 and layer 2. The yields of water, CO and Cy; also
differ significantly between the four layers. However, unlike with the water-
soluble organic effluent data, the fourth layer doesn't stand out as being different
from the other three layers.

Petrographic analyses for the four layers are presented in Table 3. Unlike the
proximate and ultimate analyses, which suggest little difference between the four
layers, the petrographic analyses indicate that there might be considerable organic
structural differences between the layers. There exists a good correlation between
catechol yields upon pyrolysis and the amount of corpohuminite found in each
layer. A linear estimation of the data results in a correlation coefficient of
0.92,
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Table 1. Pyrolysis Yields for Four Lithologic Layers in the Freedom Mine™

(Top) (Bot tom)
Coal Layer 1 Layer 2 Layer 3 Layer 4
Compound:
Methanol 990 1010 940 1590
Acetone 1350 1320 1490 1420
Acetonitrile 240 250 260 190
2-Butanone 360 340 420 350
Propionitrile 70 130 280 190
Phenol 2110 1720 1800 3820
o-Cresol 610 520 580 980
p-Cresol 680 570 600 1190
m-Cresol 710 630 720 1420
Catechol 990 1010 1200 3150
Proximate Analysis
{as rec’d; % by wt):
Moisture 23.51 23.11 27.93 30.62
Volatile matter 29.32 33.93 34,22 36.74
Fixed carbon 31.61 36.56 32.91 27.93
Ash 15.55 6.40 4,94 4,72
Ultimate Analysis
maf ; % by wt):
Hydrogen 4.66 5.09 4,75 5.13
Carbon 68.20 69.14 70.37 69.32
Nitrogen 1.08 1.11 1.12 1.07
Sulfur 2.75 0.66 0.68 0.84
Oxygen 23.30 23.99 23.09 23.65
aCompound yields are reported in micrograms/g maf coal.
Table 2. TOSCO Material Balance Assay
Normalized Values (Moisture Free)
Fischer Assay Yields Layer 1 Layer 2 Layer 3 Layer 4
Tar (1b/ton) 119.3 67.1 103.7 89.1
{gal/ton) 14.6 8.2 12.7 10.9
Gas (1b/ton) 311.9 333.5 329.0 306.6
{scf/ton) 3311.0 3597.7 3627.6 3402.9
Water (1b/ton) 129.9 192.3 158.7 191.2
{gal/ton) 15.6 23.1 19.0 22.9
Char {1b/ton) 1438.9 1407.1 1408.5 1413.1
HB {1b/ton) 1.22 1.11 1.33 1.14
€0 (1b/ton) 30.76 37.51 36.85 40.89
€0, (1b/ton) 243,23 256.50 251.62 224.00
C1 (1b/ton) 17.44 19.78 22.32 20.63
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Table 3. Petrographic Analyses of Freedom Mine, Four Lithologic Layers

Macer(';] Arlmalys).is Layer 1 Layer 2 Layer 3 Layer 4

Volume

Humani te Group
UWminite 35.5 33.9 38.2 42.8
Humodetrinite 25.2 23.1 21.9 18.0
Gelinite 0.5 0.4 1.4 1.3
Corpohuminite 1.0 2.6 2.0 6.2

Liptinite Group
Sporini te 0.9 2.4 1.4 3.3
Cutinite 0.7 0.5 0.5 0.5
Resinite 2.7 1.9 0.9 1.7
Suberini te 0.0 0.5 0.4 1.5
Alginite 1.2 0.4 0.9 1.2
Liptodetrinite 5.0 5.9 3.8 5.3
Fluorinite 0.0 0.4 0.0 0.0
Bi tumini te 0.0 0.0 0.0 2.0

Inertinite Group
Fusinite 4.5 4.6 8.5 2.7
Semifusinite 6.8 8.1 7.2 5.3
Macrinite 0.7 0.5 0.2 0.0
Sclerotinite 0.3 0.5 0.4 0.3
Inertodetrinite 8.9 7.6 8.5 4.2
Micrini te 1.3 0.7 1.8 1.3

Conclusions

The composition of gas liquor condensate can vary greatly due to variations
within an individual seam. The samples used in this study were collected within a
few meters of each other but indicate significant vertical variation exists in a
particular mine. The ultimate analyses of these layers are virtually identical, but
the actual chemistry, as evidenced by the pyrolysis results and the TOSCO Material
Balance Assays, is very different from layer to layer. These differences could
result in substantial changes in wastewater composition and operability of a
tar/water separator in an actual gasification plant when coal from different layers
is gasified.

Petrographic analysis reflects, to an extent, the structural chemistry of the
coal because the macerals generally derive from different kinds of plant
constituents, and these original plant constituents in turn have different
structures. Therefore, petrography should be a useful predictor of some pyrolyzate
yields.

Reasonably steady operation of wastewater treatment plants and tar/water
separators depend on having reasonably steady wastewater composition and tar
production, or at least the ability to predict these in advance. In order to
achieve this it is important to characterize the pyrolysis behavior of the coal
layers to provide for blending or preferential mining and selective utilization.
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Figure 1. Lithologic units of the Beulah-Zap lignite bed as described at

Freedom Mine.
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VARIATIONS IN CHAR REACTIVITY WITH COAL TYPE AND PYROLYSIS CONDITIONS
Peter R. Solomon, Michael A. Serio and Steven G. Heninger

Advanced Fuel Research, Inc. 87 Church Street, East Hartford, CT 06108

Understanding char reactivity is important since the consumption of char is the
slowest and, therefore, the controlling process in combustion or gasification.
Reviews of char reactivity (1,2) demonstrate that there is a wide variation in
observed reactivities. Work described by Smoot (3) highlights the very large
variations (one and half orders of magnitude) in char reactivity with method of
formation. Similarly, Ashu et al. (4) found an enhanced reactivity of char caused by
rapid heating of the precursor coal. More recently, in a vertical tunnel furnace,
Essenhigh and Farzar (5) measured very rapid burnout times for small coal particles.
They ascribed this to the firing condition which 4gave rates of heating in the 10° K/s
regime, compared with the more usual value of 10" K/s in slower burning flames.
Nsakala has reported a wide variation in reactivity associated with rank (6).

The gasification or combustion reactions of char are generally described as falling
into three rate controlling regimes where the reaction rate is limited by: 1)
intrinsic reactivity of the char itself, 2) diffusion of reactants within the char
pores, and 3) diffusion of reactants between the char's surface and the ambient
atmosphere. In this work the focus 1s on the intrinsic reactivity where the
controlling factors are the surface area, active site density, and catalytic effect
of minerals. The objective or the study described here was to determined how these
factors vary with coal rank, char formation conditions and mineral matter content.

This paper reports on an empirical study of the reactivity of a set of chars from a
variety of different coals prepared by pyrolysis at heating rates between 0.5 and
20,000°C/sec to temperatures between 400 and 1600°C. Reactivities were measured
with a TGA, using the widely used method of monitoring the weight loss at constant
temperature in the presence of 0, or COp. A new technique was developed in which the
weight loss was measured while the sample was heated at a constant heating rate in
the presence of the reactive gas. This method has the advantage that the same
conditions can be used for chars of widely varying reactivity. Reactivities measured
by the two methods correlated well with each other. The paper will present
correlations of the reactivities with the char formation conditions and the char
properties (including surface area, hydrogen concentration and mineral concentration).

EXPERIMENTAL

Char Preparation - Chars for this study were prepared from the 200 x 325 mesh sieved
fractions of coals and lignites listed in Table I. The chars were prepared by
pyrolysis in an inert atmosphere in one of four reactors: 1) an atmospheric pressure
entrained flow reactor (EFR) (7,8) with coal particle temperatures between 650 and
1600°C at heating rates of ~ 10,000°C/sec; 2) a heated tube reactor (9) with coal
particle temperatures between 650°C and 950°C at heating rates of A+ 20,000°C/sec; 3) a
thermogravimetric analyzer (TGA) with coal particle temperatures of 450°C to 900°C at
heating rates of 0.5°C/sec; and 4) a heated grid reactor (HGR) with coal temperatures
of 400°C to 900°C at heating rates of ~ 1000°C/sec. (10).

Reactivity Measurements - Initial char reactivity measurements were made using the
isothermal measurement developed st Pennsylvania State University (11). In this
method, the char 1s heated in a TGA in nitrogen to the desired temperature, usually
400-500°C. The temperature level is chosen to make sure no oxygen diffusion
limitations are present, i.e., by varying the flow rate, bed depth and particle size.
After the weight of the sample has stabilized at the selected temperature level, the
nitrogen flow is switched to air and the weight loss is monitored. The time for 50%
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burnoff, T 5, 18 used as the reactivity index. . Another group at Penn State has
used I:he maximum rate of weight loss as a reactivity index, which is determined in a
similar igothermal experiment (12).

In our char characterization work, we had difficulty applying the isothermal
techniques to chars formed over a wide range of conditions. A temperature level
selected for one char was inappropriate for another. The temperature was either too
high for the rate to be chemically controlled or too low for the 'ro 5 to be reached
in a reasonable time period.

In order to overcome this difficulty, a non-isothermal technique was developed. A
Perkin~Elmer TGA 2 was used for this method. The sample size is about 1.5 mg. The
sample is heated in air at a rate of 30 K/min until a temperature of 900°C 1is
reached. The TGA records the sample weight continuously and, at the end of the
experiment, the weight and derivative are plotted. Some representative curves for
the North Dakota (Zap) lignite, the Montana Rosebud subbituminous coal and the
Pittsburgh Seam bituminous coal are shown in Fig. 1. The Zap and Pittsburgh were
chars prepared in the (EFR), in which it was calculated that the particles were
heated at about 7000 K/s to 700°C before being quenched. The Montana Rosebud char
was prepared in the heated tube reactor (HTR) under similar conditions. The samples
were oxidized with an air flow of 40 cc/min and a nitrogen purge flow of 40 cc/mine
The Zap lignite indicates burnout of several components of the char of different
reactivity, while the Rosebud and Pittsburgh coals show more homogeneous burnout at
higher temperatures.

The characteristics of the weight loss curve can be understood as follows: 1) At low
temperature, there is an initial weight loss as moisture is removed. 2) As the
temperature is raised, the reactivity of the char increases until the fractiomal
weight loss rate is sufficiently large to be observed. The sample size and oxygen
flows are chosen so that the initial 10% of weight loss occurs under intrinsic
reactivity control. 3) As the temperature continues to increase, the reactivity
increases until eventually all the oxygen reaching the sample bed is consumed and the
weight loss is controlled by the oxygen supply to the sample bed alone. Then the
fractional weight loss rate becomes constant for all samples. 4) When the char has
components of different reactivity, the weight loss can switch between being oxygen
supply 1imited and being intrinsic reactivity limited as each component is consumed.

Figure 2 compared the weight loss curves for the same char sample but with different
sample sizes. The curves are identical for the initial weight loss which is
controlled by the intrinsic reactivity. As expected, the fractional rate of weight
loss (1/m°)(dm/dt) decreases with increasing sample size in the oxygen supply limited
regime.

RESULYS

Comparison of Isothermal and Constant Heating Rate Reactivity Tests - The temperature
(T.,) at which the derivative of the fractional weight loss with respect to time
reaches a value of 0.11 wt. fraction/min was chosen as an index of reactivity to be
compared with the ’T'0.5 values measured by the isothermal technique. The actual
critical slope used is arbitrary. A value is chosen which is large enough to be
unambiguously determined, but small enough so that reaction occurs in the chemically
controlled regime. Values of 1“10.5 were plotted against I/Tcr and a good
correlation was observed.

It was subsequently decided that a comparison to ’r’o 1 (time for 10% burnoff) would
be more relevant since the initial reactivity indicated by T, would be measured,
rather than an integral reactivity over a large extent of conversion which is
affected by reactivity variations due to changes in the pore structure or sample
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inhomogeniety. A plot of In ‘YO.I vs 1/T.. 1s shown in Fig. 3. This plot includes

data for chars from all three coals in all four reactors. The experimental /
conditions covered the following ranges: heating rate = 0.5 to 20,000 K/sec;

temperature = 400 to 1600°C; residence time = .020 s to 30 min; pressure = O to 200 psig. )

It can be shown that a plot of In '7'0_1 vs I/Tcr will be linear with a slope equal to j
E/R, where E is the global activation energy for the intrinsic oxidation rate and R is |
the gas constant. For the reaction

C (solid) + 0, (gas) = CO, (gas) (1) /
the global rate of disappearance of carbon can be represented as follows:
dm/dt = -k, C3 was )

where dn/dt is the mass loss of carbon per particle in unit time (E/min). ks is the ,
intrinsic reaction rate constant based on unit suraface (co/min), Cg 1s the

concentration of oxygen at the surface in moles/cm” raised to some power n, W is the

molecular weight of carbon zin g!mole,g 1s the ratio of active area per unit

accessible surface area (cm“/cm®) and S is the accessible surface area in cm® per

particle. Since the reaction occurs under chemical reaction control, the

concentration of oxygen at the surface will be equal to the bulk concentration, which

allows one to drop the subscript.

In the isothermal experiment, the burn-off rate is nearly constant up to 10% weight
loss:

dun/dt = An/At T - 0.1 o/yg,, 3)
Substituting Eq. 2 for dm/dt:
“kg CP WAS = 0.1 0/ 7q,, 4
Vo= [0-1angrctw ] . [ 1//95] (5)
-x (18 s] (6)

The quantities in the first set of brackets in Eq. 5 are nearly constant for a given
isothermal (temperature = T,) experiment at low conversions and independent of coal
type, vhile the second set of brackets contain quantities which vary with coal type
and char formation conditions.

For the non-isothermal experiment, the relative rate of mass loss 1s constant at some

critical temperature, Tept

[1/m]- [dm/dt] = -0.11 -[l/m] . [-ks(Tcr)C“ Wa s] N
kg(Tep) = [0.11 n/c™W ] . [1/}5] ®
- % [1/85] ®

The result obtained is that kg is proportional to an experimental constant and
inversely proportional to char properties.

For data collected on the same char sample, (/QS) can be eliminated between Eqs. 6
and 9:

= K1 /K k = | 0.9/k k 10
o Tou = [Ka/ke] xeTer) = [0:905(10) | kg(Ter (10)
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T o =09 exp [-E/R [1/1, - 1/1'0]] (1
assuming that kg can be expressed as an Arrhenius expression ks('l‘) =k, exp(~E/RT).

Consequently, a plot of ln?o.]_ ve 1/'1‘“ will have a slope equal to -E/R of the
intrinsic global oxidation rate. In the absence of catalytic effects, the value of E
should be the same for chars from all coals and chars from the same coal prepared
under a wide variety of conditions. The nearly linear data in Fig. 3 appears to
support this conclusion. A problem may arise if T, . and T, are significantly
different.s The mechanism of the oxidation reaction probabfy changes with temperature,
as indicated by the wide range of activation energies and reaction orders reported for
the char oxidation reaction in the literature (13). The best fit value of about

35 kcal/mole determined from Fig. 3 is intermediate in reported values and close to
the value of 31 kcal/mole determined by Radovic and Walker for a wide range of chars
in TGA experiments (14).

In our case, the Zap lignite chars appear to fall on a line of lower slope. This is
probably due to catalytic effects. When a lignite char was acid-washed, it was less
reactive in the non-isothermal test. The companion isothermal test has not yet been

done, so we have not yet determined where the acid-washed char falls on the plot of
Fig. 3.

Variations in Reactivity - The reactivities were determined for a number of chsrs
which had been prepared under carefully controlled conditions to study their pyrolysis
behavior (7-11,15). Examples to illustrate the observed trends are presented in Fig. 4.
Figure 4a illustrates the results for the Zap lignite. The three curves are for: 1)
150 msec with maximum temperature of 700°C (with reactivity measured in air); 2) 460
msec with maximum temperature of 1600°C (in air); 3) same as 2 but reactivity in CO,.
The curves illustrate the observation that the reactivity goes down with increased
exposure to high temperature (or "extent of pyrolysis™) and that for the same chars,
CO, reactivity is lower than oxygen reactivity. Measurements of surface area S showed
that char for conditions 1 and 2 were similar, suggesting that the differecne in
reactivity 1s causes by a change in the density of active sites,# . Figure 4b shows
results for Pittsburgh Seam coal. The three curves are for; 4) 150 msec with a
maximum temperature of 700°C (in air); 5) 660 msec with a maximum temperature of
1100°C (in air) and 6) same as 5 but reactivity in COj. For equivalent cases (1 and
4), the reactivity for the Pittsburgh Seam coal is lower than for the Zap lignite
prepared under equivalent conditions. Surface area measurements show the Pittsburgh
Seam coal (which melts during pyrolysis) to have about 1/4 the surface area of the Zap
lignite. This difference in surface area is not sufficient to account for the
differences in reactivity, however. The extra reactivity appears to result from the
lignite's mineral content, but could also be due to a difference in active site
densities. Figure 4c compares curve 7 for the Zap lignite with curve 8 for the
demineralized coal and curve 9 for a Montana Rosebud pyrolyzed under similar
conditions and having a similar surface area. Curves 8 and 9 are similar, but lower
in reactivity than the raw lignite. Figure 4 illustrates the variation in reactivity
with surface areas, with active site density, # and with mineral content.

Figure 5 summarizes the results for a number of samples. The critical temperature T
is plotted as a function of the hydrogen content which is used as a measure of the
extent of pyrolysis. For each char type, there is a trend for increasing T . with
decreasing hydrogen. Most of the change occurs below 2 1/2% hydrogen, after the
evolution of aliphatic hydrogen is complete. That is, the T, varies primarily with
the concentration of aromatic hydrogen. It should be noted that there 1s also ring
oxygen in the char which is removed at about the same rate as the hydrogen and which
may be related to the reactivity changes. This variation is due to a variation in
possibly correlated with the ring condensation accompanying the elimination of
aromatic hydrogen.
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The vertical displacement of the curves is due to the variations in char surface area

and catalytic activity of the minerals. The most reactive chars ars for the Zap

lignite. The chars have surface areas in the neighborhood of 200 m“/g. As pyrolysis

proceeds the critical temperature T,,. first decreases and then increases with

temperature as hydrogen is lost. ere does not appear to be any drastic effects due |
to heating rate, as chars for a wide range of conditions all fell along the same
curve. The low values of T.,. are believed to be due to the char's mineral content
(high Na and Ca). When the coal was demineralized (symbol'@), Top increased
substantially. A Montana Rosebud char with a similar surface area shows a somewhat
higher T, than the raw Zap.

The highest T, values are for the Pittsburgh and Kentucky coals. These swell upon ‘
pyrolysis. Initial surface area measurements of the Pittsburgh coal show {
approximately 50 m“/g, suggesting that the lower surface areas are responsible for the
lower reactivity. Note that the reactivity of slowly heated Pittsburgh Seam coal is !
higher than that of a rapidly heated char.

CONCLUSION q

A new reactivity test has been developed which allows relative rates of reactivity to
be determined for chars of widely varying reactivity. The method was applied to study
the dependence of reactivity on coal properties and pyrolysis conditions. Reactivities
are seen to decrease with decreasing aromatic hydrogen concentration. Reactivities
were insensitive to heating rate for a lignite but were quite sensitive to heating
rate for a bituminous coal. Mineral catalytic effects were also observed.
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TABLE I

SAMPLE PROPERTIES

WTZ DAF
Zap, North Montana Rosebud Pittsburgh Seam Kentucky #9
Dakota Lignite Subbituminous Bituminous Bituninous
Carbon 66.5 72.1 82.1 81.7
Hydrogen 4.8 4.9 5.6 5.6
Nitrogen 1.1 1.2 1.7 1.9
Sul fur 1.1 1.2 2.4
Oxygen (Diff.) 26.5 20.3 8.2
Ash (Dry Wt%) 7.1 10.0 9.2 14.1
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COAL PYROLYSIS IN A HIGH PRESSURE ENTRAINED FLOW REACTOR
Michael A. Serio, Peter R. Solomon and Steven G. Heninger
Advanced Fuel Research, Inc. 87 Church Street, East Hartford, CT 06108
INTRODUCTION

Many of the proposed coal gasification processes operate at elevated pressure. Since
these processes also operate at elevated temperature, pyrolysis processes are
important. However, there is relatively little data on pyrolysis yields at elevated
pressure, particularly for continuous flow systems or on how pressure affects the
reactivity of the char to subsequent gasification.

Most of the existing studies were done in batch, captive sample systems (1-3). For
example, the work of Suuberg et al. (2) showed a significant effect of pressure on a
bituminous coal and a modest effect for a lignite coale The most important effect of
pressure was a reduction in tar and increase in char yield at high pressure. However,
one difficulty with interpreting the results from batch, captive sample systems is the
pressure and residence time of the volatiles are not varied independently. As
pressure is increased, the residence time of volatiles increases inside the particle
as well as near the hot zone of the reactor.

In batch, semi-flow carbonization experiments, the effects of external pressure and
external residence time can be varied independently. A review of the literature on
semi-flow experiments by Dryden and Sparham (4) indicated that increases in inert gas
pressure at constant volatile residence time did not have a significant effect on
product yields. However, it should be noted that these experiments were done with
very long volatile residence times (20 to 100 s). Recent work by Schobert et al. (5)
examined the effect of pressure on tar yleld in a semi-flow system (at constant
residence times of about 1 s) and a pressure dependence of the tar yield was observed.

Entrained flow reactors are well suited to studies of pressure effects on pyrolysis
and closely resemble real coal gasification systems. However, one must consider the
effect of pressure on heat transfer as well, For example, Sundaram et al. (6)
examined the effect of the pressure of various inert gases (He, CO, Ny A;) on carbon
conversion and found that yields went through a maximum before declining. It is
likely that, at the short residence times of their experiments (0.6 to 1.9 s at
900°C), the enhanced heat transfer due to gas pressure was more beneficial than the
detrimental effects on mass transfer.

This paper will present pyrolysis data for product yields for four coals from an
entrained flow reactor operated at pressures up to 300 psig. In addition, the effect
of pressure on char reactivity will be discussed.

EXPERTMENTAL

A schematic of the high pressure reactor (HPR) system is given in Fig. 1. The furnace
consists of a high pressure shell (capable of containing pressures up to 600 psig), a
thick layer of insulation and a high temperature region heated by Kanthal Super 33
electrical heating elements. The high temperature section (capable of temperatures up
to 1650°C) contains an alumina bed heat exchanger and a test section. The ambient gas
enters the furnace through the heat exchanger to bring it up to furnace temperature
and then turns downward into the test section. Coal is injected at a fixed point at
the top of the test section using a water cooled injector. It mixes with the ambient
gas and, after a fixed distance, enters a water-cooled collector. The reactor design
is similar to a previously described atmosphere pressure entrained flow reactor (EFR)
(7). The major differences are the smaller diameter test section in the HPR (1.27 cm
vs 5.08 cm) and the absence of an optical port.
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After the collector, the reaction products enter a cyclone to separate char, followed
by a Balston filter to remove tar and soot. An electrostatic precipitator was tested
for use after the cyclone but did not work as well as the filter. The gas stream is
reduced in pressure and collected in a holding tank. The sample tank is a steel tank
with glass—lined walls which is used to collect the total gaseous effluent from the
reactor system during a typical run. It is initially evacuated and, during a run, the
pressure gradually increases as it fills. After an experiment, a sample is taken from
the tank and analyzed in an FT-IR cell and a GC. This allows the concentration of
each species to be determined and the total yield of each product is calculated from a
knowledge of the tank volume and pressure. The FT-IR can quantitatively determine
many gas species observed in coal pyrolysis including CO, C0y, Hp0, CHy4, CoHjy, CoHy,
CoHg, CqHg, HCN, NH3, COS, CSp, SO9, and heavy paraffins and olefins. Additional
characterization is performed by gas chromatograph to determine hydrogen, HaS, 0g, Nj,
gg;a' C;'s, and C5's. The overall material balance is generally better than 90 to

Routine monitoring of three temperatures (top of heating elements, bottom of heating
elements, and top of preheated bed) is done with permanently mounted thermocouples.
Platinum alloy thermocouples are used to meet the high temperature requirements and to
allow the use of oxidizing atmospheres. Power is supplied to the heating elements by
using welding power supplies with continuously variable voltage adjustment. The
voltage is adjusted to maintain the reference temperatures (above) constant during a
run. These reference temperatures are calibrated against the furnace wall and gas
temperatures by a set of profiling experiments. The furnace wall temperature and the
injector-collector separation are inputs into the particle-temperature model which
allows description of the coal particle time-temperature history.

The coal feeder consists of a tube which passes up through a bed of coal, with feeder
gas supplied above the bed. To feed coal, the gas is turned on and the feed tube is
slowly lowered from a position where the entrance is above the bed. When the entrance
of the tube reaches the bed level, the coal is entrained in the gas entering the feed
tube. The rate of feed is controlled by the rate at which the tube is lowered. The
total weight of coal fed during a run is determined by weighing the feeder system
before and after the run.

At the end of a run, the water-cooled collector is removed and any tar or char which
sticks to the collector i1s rinsed out with solvent and weighed. Most of the char 1is
collected in the cyclone. Fine solids (e.g., soot and coal fines) and condensed tar
vapor which pass through the cyclone are collected in a filter. The filter and other
parts of the collection system are extracted with solvent (methylene chloride), which
is subsequently evaporated to determine the tar yield.

RESULTS AND DISCUSSION

The high pressure reactor (HPR) described above was used to determine the effects of
pressure on pyrolysis behavior for four coals. The reactor was designed to provide
similar temperatures and residence times as are employed in our atmospheric pressure
reactor (EFR). To keep the gas requirements reasonable, a 1.27 cm I.D. tube was
employed for the test section. It was found that swelling coals tended to plug the
test section, so the coals tested were limited to subbituminous coals or lignites.

The four coals tested were Montana Rosebud subbituminous, Gillette subbituminous,
Jacob's Ranch subbituminous, and Zap (North Dakota) lignite. The coal analyses are
presented in Table 1. The pyrolysis yields for experiments at 800°C, 0.47 s residence
time and 300 psig are given in Figs. 2-5 for these coals, respectively.

The most extensive amount of data was taken with the Montana Rosebud subbituminous due
to a complementary program at AFR and Morgantown Energy Technology Center (METC) using
this coal. The effects of pressure on product yields are observed to be modest in all
cases. In general, with increasing pressure (at constant residence time and
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temperature) there is a slight reduction in tar, olefin, and ethylene yields and
increase in benzene, ethane and CH, yields. The trend for paraffin yield varies with
the coal, as does the benzene yield trend. The subbituminous coals show a minimum
benzene yield at intermediate pressures.

Data was obtained for the Zap, Jacob's Ranch, and Gillette coals at 685°C for the same
residence time and range of pressures (mot shown). The trends for tar, olefins, CoHy, /
and CoHg were similar, but the CH, and benzene yields declined with pressure. The J
complex variations of volatile yields with temperature and pressure would be expected

since both in the internal secondary chemistry of the coal and the external gas phase
chemistry there are temperature and pressure-dependent sources and sinks for the ’,
various species. For example, Suuberg et al. (2) have shown that methane yields

increase with increasing external gas pressure in batch, capture sample experiments.

This was attributed to evolution of CH, during secondary repolymerization of tar to

form char. Arendt and van Heek (8) observed similar results for CH, yields in both

batch and semi-flow reactors. Higher ylelds of methane under increased external gas

pressure have also been attributed to the auto-hydrogenation phenomenon, where

hydrogen evolved from the coal back reacts to form CH, (9). A recent paper has

suggested that this reaction is more affected by residence time than external gas

pressure for high and low rank coals (10).

There 1s also experimental evidence which suggests a decline in CH; yield would occur
with increasing presasure. Methane decomposition is catalyzed in the presence of coal
char (11,12). This has been attributed both to surface area and catalysis effects.
At high pressure, the enhanced residence time of CH, in the pores would increase
decomposition. In addition, the gas phase decomposition of CH, 1s believed to
involve the following pressure dependent initiation reaction:

CHy + M = CHy + M + H (1)

where M is any other molecule (13). This reaction would also be favored at high
pressures. Consequently, numerous processes can operate on even such simple and
relatively unreactive molecules as CH,, making apriori prediction of pressure trends
for volatile yields over a wide range of temperature difficult.

In entrained flow systems, one must also contend with the effects of gas pressure on
heat transfer. In our system, increasing the pressure also affects the shape of the
temperature profile and, consequently, the length of the isothermal zone. In order to
achieve the same nominal residence time it was necessary to reduce the gas flow rate
at higher pressures. For this reason, an assessment of pressure effects for data from
the reactor requires consideration of the effect of pressure on the particle time-
temperature history due to: 1) changes in the experimental conditions, 2) changes in
the physical properties of the entraining gas with pressure. To do this, an entrained
flow reactor model was developed which is a modification of one developed recently for
our atmospheric pressure reactor (EFR) (14,15). The latter model was validated by
comparison to actual temperature measurements. For the HPR, direct validation is not
possible because of the lack of an optical port in the reactor. Instead the model was
validated by fitting CH, yields from low pressure HPR data (26 psig) where it was
assumed that the validated kinetics from the EFR would still hold.

After the modified particle temperature model was developed and validated, the results
of the HPR experiments were simulated. These simulations are shown as solid lines in
Figs. 2-5. These trends, which account only for the effects of pressure on particle
time-temperature history (and not on the pyrolysis chemistry) indicate that there are
real pressure effects superimposed on a slight variation in the time-temperature
history. The trends of the model predictions should be compared to the data trends in
Figs. 2-5 to discern a pressure effect rather than the absolute values. This is
because the pyrolysis model does not match all of the atmospheric pressure data (e.g.,
CoH, ylelds) due to an incomplete description of gas phase cracking.
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High Pressure Experiments in a Heated Tube Reactor - A set of experiments was dome at
800°C with Montana Rosebud coal in an electrically heated tube reactor at 1 atm and 5
atm pressure. The results for char, tar, and gas yields are shown in Fig. 6 for the
two sets of experiments, which were done at the same volumetric flow rate. The total
particle residence time at 200 cm distance is about 200 ms.

Initially, product yields are reduced when compared to the one atmosphere case. This
is a result of the fact that the higher gas density causes a greater heat load on the
tube and hence increases the distance required to heat the gas plus coal mixture to
the equilibrium temperature. It is interesting that the maximum tar yield is lower in
the 60 psig case. However, it is possible that an experiment in between 50 and 100 cm
would reveal a higher tar yield. The asymptotic yield of about 10% is similar for
both sets of experiments. It also agrees with the 26 psig data from the HPR. The
advantage of the HTR relative to the HPR 1s that the good time resolution allows the
maximum tar yields to be better defined.

Comparison of Tar Yield Data from Three Reactors - In Table II, tar yield data are
listed for all three entrained flow reactors used at AFR, In each case, the final
particle temperature was about 800°C. The residence times were lower for the HTR
experiments but, due to the higher heating rate, the time at final temperature was
nearly the same in each case ("~ 0.2 8) according to our calculations. The lower
pressure (<5 atm) results agree well between reactors. It is also apparent from the
lower temperature HPR data in Table II, and the shorter residence time HTR data in
Fig. 6, that some tar cracking occurred even under these relatively mild conditions.
The reductions in tar yield due to cracking of about 352 agree well with previous data
on Pittsburgh Seam bituminous coal tars cracked separately (16). The approximately
25Z reduction in tar yield over a pressure range of 3 to 13 atm is in good agreement
with the generalized plot developed by Suuberg (17).

Char Reactivity Measurements - Some reactivity measurements of the chars produced from
the HPR experiments were made using a newly developed non-isothermal technique (18).
The chars are heated at a constant rate (30°%/min) in a TGA in air. A reactivity
index is defined based on a critical temperature to achieve a measurable weight loss
rate, which is inversely related to reactivity. These data are given for the HPR
chars in Table III. There does appear to be a slight decrease in char reactivity with
increasing pressure. However, a portion of this could be attributed to the slightly
increased severity of the higher pressure experiments. Additional data will be
required on the kinetics of thermal deactivation in order to be more conclusive.

CONCLUSIONS

1. Pyrolysis experiments in a high pressure entrained flow reactor with three
subbituminous and one lignite coal revealed an effect of pressure on product yields,
even after allowing for changes in heat transfer. The tar and light hydrocarbon
ylelds were most affected.

2. The relative reduction in tar yield as the pressure was increased from 3 to 13
atm wag about 25Z, in agreement with literature data.

3. The maximum tar yleld was not observed in the 817°C, 0.5 s experiments, even at
low pressure, due to tar cracking.

4., There was 8 small but consistent reduction of char reactivity with increased

pressure. Some of this effect may be due to the slightly increased severity of the
high pressure experiments.
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TABLE 1

SAMPLE PROPERTIES

WIZ DAF
Zap, FNorth Dakota Gillette Montana Rosebud Jacob's Ranch
Lignite Subbituminous Subbituminous Subbituminous
Carbon 66.5 72.0 72.1 74.3
Hydrogen 4.8 4.7 4.9 5.2
Nitrogen 1.1 1.2 1.2 1.1
Sulfur 1.1 0.5 1.2 0.6
(Organic)
Oxygen 26.5 21.6 20.3 18.8
(Diff.)
Ash 7.1 5.0 10.0 7.8
(Dry WtZ)
TABLE II
OBSERVED TAR YIELDS (DAF) FROM VARIOUS REACTORS
AT 800°C, 0.1-0.5 S RESIDENCE TIME
Coal: Zap Lignite Gillette Montana Jacob's
Rosebud Ranch
Reactor Pressure
(atm)
HTR 1.0 10.3 10.0
HIR 5.0 10.0
EFR 1.0 10.0*
HPR 2.6 6.0 (8.0) 9.4 (13.6) 9.2 7.6 (11.0)
HPR 13.0 4.5 (7.5) 7.8 (11.5) 6.0 6.5 ( 9.5)

NOTES: Values in parentheses are for 658°C experiments at the same residence time and

pressure.

* Tar plus missing.

HTR = Heated Tube Reactor

EFR = Entrained Flow Reactor
HPR = High Pressure Reactor




TABLE III

CRITICAL TEMPERATURE FOR OXIDATION OF CHARS FORMED AT VARIOUS PRESSURES

Coal: Zap Lignite Gillette Montana Rosebud Jacob's Ranch

Pressure (atm)

2.6 365 368 403 370
7.8 366 378 415 370
13.1 378 381 419 376
21.4 -— -— 429 -—
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Figure 1. Schematic of High Pressure Entrsined Flow Reactor System,
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Pyrolysis Product Distribution for Jacob's Ranch Subbituminous Coal as a
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RESPONSE SURFACE MODEL PREDICTIONS FOR THE
FLASH PYROLYSIS OF MONTANA ROSEBUD COAL

Larry A. Bissett

Morgantown Energy Technology Center
P.O. Box 880
Morgantown, WV 26507-0880

Abstract

Experiments covering a broad range of reaction conditions are being conducted to
determine and model the effects of coal gasification environment on product yields.
The research uses a 3-inch I.D., down-flow entrained reactor that turbulently mixes
preheated gases with coal to achieve high particle heating rates. As part of the
test program, a pyrolysis series reacting Montana Rosebud coal in a nitrogen-argon
atmosphere was completed. A 3-variable, composite factorial experimental design was
used in which reaction conditions ranged from 1,500° to 2,500°F temperature, 100 to
900 psig pressure, and 2.19 to 10.00 seconds gas residence time. Quadratic response
surface models were used to analyze the product yield and composition data as a func-
tion of the reaction conditions. Trends predicted by some of the statistically sig-
nificant regression models are presented and discussed.

Introduction

For advancement to continue towards tailored, economic, and environmentally
sound coal conversion technologies, further understanding of reaction mechanisms
and product formations in relation to processing conditions and the physical and
chemical structure of coal is needed. Devolatilization and associated phenomena
are especially important in entrained gasification and pulverized coal combustion
due to the small particle sizes, high temperatures, and short residence times
involved. Although numerous studies have been conducted, recent reviews have con-
cluded that there is little experimental verification at high-temperature, high-
pressure conditions that exist in some current and advanced processes (1,2).
Therefore, this project was initiated to determine the effects of gasification
environment on product yields over a broad range of mild to severe conditions. A
broad-range study was chosen to aid in the detection of reaction mechanism changes
and to help integrate results from other related investigations.

Experimental

A down-flow entrained reactor designed to be able to preheat reactant gases to
3,000°F along the horizontal axis and maintain the reaction mixture at 2,500°F along
the vertical axis at pressures up to 1,000 psig is used for the research. Details of
the reactor and experimental system have been previously presented (3,4). The reac-
tor is uniquely characterized by a mixing configuration that turbulently combines
argon-conveyed coal with highly preheated reactant gases and subsequently transitions
the flow to laminar-like before it enters a 3-inch I.D., 4-foot long alumina reaction
tube. The turbulent, nearly adiabatic mixing between reactant gases and coal results
in high particle heating rates approaching 10%°F per second. In addition to being
essential for properly studying the phenomena of interest, this enables reaction tem-
peratures to be reached near the exit of the nozzle and provides the potential for
achieving axial isothermal temperature profiles in the reaction tube.

A comprehensive test program with Montana Rosebud subbituminous coal is being
conducted. The program is organized into three major test classes to study inert,
steam, and carbon dioxide environments, and an additional class to investigate char
gasification reactions. The classes are further subdivided into test series to
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investigate other variables. The Class 3A pyrolysis tests reported here were con-
ducted in an inert environment of 75 mole percent nitrogen and 25 mole percent argon
and consisted of a composite factorially designed series to investigate the effects
of reaction temperature, pressure, and gas residence time. The composite factorial
experimental design enabled a wide range of conditions to be studied with 15 dif-
ferent tests and permitted the use of response surface and statistical techniques
for data analyses. To help ensure that each test point carried about the same
weight, uniform variable spacing was used for testing and analyzing. The variable
levels and respective codes are given in Table 1. To facilitate the ability of the
quadratic response surface models to adequately represent the true response sur-
faces, the temperature levels were equally spaced reciprocally as absolute tempera-
ture, and the pressure and gas residence time levels were equally spaced
logarithmically as absolute pressure and seconds, respectively.

TABLE 1. Composite Factorial Variable Levels

Variable Levels
METC Test Code 1 2 3 4 5
Factorial Code -2 -1 0 1 2
Temperature, °F 1,500 1,681 1,898 2,165 2,500
Pressure, psig 100 178 309 530 900
Gas Residence Time, sec 2.19 3.20 4.68 6.84 10.00

Experimentally, the gas environment, gas-coal ratio (400 scf/1lb), and total
material fed to the reactor during steady-state conditions were held essentially
constant throughout the test series. A 200 x 270 mesh fraction of Montana Rosebud
coal with an average particle diameter of 57 microns was used. Expressed as weight
percent, the average ultimate analysis of the coal was 64.1 carbon, 4.4 hydrogen,
17.9 oxygen, 1.1 nitrogen, 1.0 sulfur, 10.4 ash, and 1.0 moisture; and the average
volatile matter content was 40.6.

Results and Discussion

The overall material balance accountability of coal to product gases, liquids,
and chars was greater than 98 weight percent. Quadratic response surface models
which considered linear, quadratic, and interaction effects were used to analyze
50 variables. The Statistical Analysis System (SAS) computer program was used to
perform the least squares regressions (5). Thirty-six variables had potentially
adequate regression model fits at the 0.05 significance level or higher. Some
regression model predictions of product yields and compositions from this test
series have been previously reported (6). Only the regression models for elemental
retentions in char will be discussed here.

Tahle 2 lists the experimental elemental char retentions, defined as the
weight percentage of each major coal element that remained in the char, for this
test series. The test numbers are derived from the METC test codes for the varia-
hle levels given in Table 1. The "3A" identifies the test class and is followed
by three numbers which sequentially identify the temperature, pressure, and gas
residence time levels. A fourth number is used when a test condition is repeated
and represents the repetition number. Thus, Table 2 also illustrates the 15 dif-
ferent variable combinations involved with the composite factorial design and shows
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that the center point condition (i.e., 3A333) was repeated 4 times to determine
experimental variation. Test No. 3A333-1 failed and therefore does not appear in |
the table.

Nitrogen was the only elemental retention that could not be adequately repre-
sented by a quadratic response model at the 0.06 significance, or alpha, level or
higher. Of the four that could be adequately represented, all had statistically
significant predicted temperature effects to at least the 0.07 alpha level, only
hydrogen and sulfur retentions had significant predicted pressure effects to at
least the 0.04 alpha level, and all but oxygen retention had significant predicted i
gas residence time effects to at least the 0.08 alpha level. The significance
levels provided the criteria for selecting which regression models and what varia-
ble ranges were used for predictive purposes. In general, full experimental ranges /
were used when significance values were 0.05 or higher, and only small variations
around the center point of the experimental design were used when significance val-
ues were between 0.05 and 0.10.

Figure 1 shows how the predicted carbon, hydrogen, oxygen, and sulfur reten-
tions in char vary with reaction temperature at the experimental center point
pressure and gas residence time conditions. Oxygen is the least retained (i.e.,
most converted) element, and is predicted to be essentially absent in the char at
temperatures above 2,000°F. Hydrogen retention decreases steadily with tempera-
ture and begins to approach zero at the highest temperature. This behavior most
likely reflects thermally induced dehydrogenation and condensation of the larger
aromatic structures in the char. Carbon and sulfur retentions both initially
decrease, but then increase at higher temperatures. This behavior mostly accouats
for a similar trend in char yield, which was also shown to pass through a mini-
mum (6). The tendency for carbon retention to increase at higher temperatures is
probably due to the increased cracking of volatile species, either in the hotter,
outer regions of the particles as they devolatilize or in the extraparticle
environment. The possibility of decreased yields at higher temperatures due to
secondary reactions was recognized prior to this experimental confirmation (7).
The tendency for sulfur retention to increase may be due to the high-temperature
reaction of hydrogen sulfide with char to form thiophenic structures, as has been
reported (8), or capture of the sulfur by ash components.

Figure 2 indicates an interaction between temperature and pressure effects on
hydrogen retention. The nature of the predicted pressure effect changes with reac-
tion temperature and decreases in magnitude as temperature increases. The pressure
effect is relatively unimportant at higher temperatures. At lower temperatures, how-
ever, hydrogen retention increases faster with pressure than hydrogen yield decreases
which, if there is no pressure effect on carbon retention as indicated by a poor sig-
nificance level, implies that the overall hydrogen-carbon ratio of the nonchar prod-
ucts decreases. Thus, in very general and relative terms, pressure may tend to shift
the aromatic hydrocarbon spectrum to heavier components at lower temperatures, but
has little or no effect at higher temperatures due to extremely low organic yields.
This behavior may be due to equilibrium considerations or reflect pressure effects
on the sequence of secondary cracking reactions.

Figure 3 shows that near the experimental center point temperature and at the
center point gas residence time, sulfur retention is predicted to maximize in roughly
the 200 to 300 psig pressure range. At lower pressures, sulfur retention decreases
slightly with temperature and, conversely, increases slightly with temperature at
the higher pressures. The occurrence of maxima and the inverted temperature
dependencies suggest the presence of multiple phenomena. Candidate explanations
could include some of the possible effects of pressure on the following: (1) reac-
tion rates of sulfur species with char and ash, (2) initial distribution of devola-
tilized sulfur species, (3) sequence and rates of secondary reactions, (4) coal and
char physical changes during devolatilization that affect reactant accessibility,
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and (5) various sulfur absorption equilibriums. Planned analyses of the chars to
obtain the proportion of organic and inorganic sulfur forms may clarify these
trends.

Figure 4 shows how the predicted hydrogen and carbon retentions vary with gas
residence time near the experimental center point temperature and at the center point
pressure. Hydrogen retention decreases just slightly with residence time and has a
comparatively much greater semsitivity to temperature. The decrease is probably due
to an annealing-like phenomena which results in the slow dehydrogenation and conden-
sation of aromatic structures in the char. The predicted trends show that the dehy-
drogenation rate increases with temperature. Carbon retention is predicted to
increase with time at the lower temperatures, but decrease with time at the highest
temperature. Furthermore, carbon retention increases with temperature at gas resi-
dence times less than approximately 3.5 seconds, but decreases with temperature at
longer residence times. The explanation for this behavior is not clear, but may pos-
sibly involve the relative kinetics of some of the cracking and gasification reac-
tions and the initial cracking sequence. Initially, more intraparticle cracking of
volatile species may be occurring during devolatilization as temperature increases,
and, hence, carbon retention increases with temperature at the shortest residence
times. The volatile species that escaped intraparticle cracking at the lower tem-
peratures may then, with time, continue cracking in the extraparticle environment
and lead to a gradual increase in carbon retention. Because significant cracking may
have already occurred at the highest temperature, there would be little material left
for long-term extraparticle cracking and, hence, no tendency for carbon retention to
increase. However, gasification reactions of the char with carbon dioxide and water
formed during pyrolysis would have the opportunity to proceed and may account for the
gradual conversion of carbon at the highest temperature. At the lower temperatures,
the gasification reactions may not be fast enough to counter deposition resulting
from cracking reactions, and thus, carbon reteantion continues to increase. To vali-
date these explanations, more data are needed for yields at residence times under
2 seconds and for cracking rates of various light hydrocarbons in the presence of
char at the experimental conditions.

Figure 5 shows that sulfur retention in char is very sensitive to gas resi-
dence time and relatively insensitive to temperature. The trends indicate that a
low-sulfur char is initially produced, but increases in sulfur content as time pro-
ceeds. This implies that a large percentage of the sulfur in the coal is initially
released to the extraparticle environment and that various mechanisms then return
some of the sulfur to the char. Various organic sulfur compounds crack into hydro-
gen sulfide and carbon disulfide, and these as well as the hydrogen sulfide ini-
tially formed from pyrite probably back react with the char and ash components.
Depending on the initial forms of the devolatilized sulfur and relative reaction
rates, these trends could predominantly reflect the kinetics of either hydrogen
sulfide absorption reactions or organic sulfur compound cracking reactions. The
suggested asymptote at approximately 75 percent sulfur retention possibly reflects
approach to equilibrium or an absorption limit of the ash. Further analyses of
sulfur forms in the chars may indicate the dominant effects.

Conclusions

A composite factorial experimental design and response surface methods were
successfully applied to study the flash pyrolysis of Montana Rosebud coal over wide
ranges of temperature, pressure, and gas residence time. Statistically significant
regression models were used to predict product yield and composition trends. The
regression model predictions reported here for elemental retentions in char lead to
the following conclusions:. (1) char yields increased at the higher temperatures
investigated due to carbon deposition from the cracking of volatiles and sulfur
absorption by char and ash components, (2) carbon, hydrogen, and oxygen retentions
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were most sensitive to temperature and sulfur retention was most sensitive to resi-
dence time, (3) pressure may tend to shift the aromatic hydrocarbon spectrum to
heavier components at the lower temperatures investigated, (4) sulfur retention was
likely affected by multiple phenomena, (5) char annealing effects and continued
cracking of light hydrocarbons were present in the residence time range studied, and
(6) a low-sulfur char was initially produced, but increased in sulfur content with
time to an apparent asymptotic value due to back reactions of sulfur species with
the char and ash.
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Flash Pyrolysis of New Mexico Sub-Bituminous Coal
in Hel{ium-Methane Gas Mixtures

Muthu S. Sundaram, Peter T. Fallon and Meyer Steinberg
Process Sciences Division
Brookhaven National Laboratory
Upton, New York 11973

ABSTRACT

A New Mexico sub-bituminous coal was flash pyrolyzed in gas mixtures
of helium and methane at 1000°C and 50 psi in an 1-in. I.D. entrained
down-flow tubular reactor. The mixture contained 0 to 40% helium in meth-
ane. Under tested experimental conditions, pyrolysis in gas mixtures re-
sulted in higher yields of ethylene and BTX than in pure methane. For
example, under a coal flow rate of 1.0 1b/hr and methane flow rate of 4.0
1b/hr, pyrolysis in pure methane produced 7.7% CpHs and 9.0% BTX on the
basis of carbon contained in coal; under similar coal and methane flow
rates, as high as 14.8% CpHs and 15.3% BTX were obtained on pyrolysis in
257 He + 75% CHg gas mixture. The data show that the coal flow rate and
methane flow rate both independently affect the yields of CaHs and BTX.
At constant methane flow rate, increase in coal flow rate decreases the
yields of CpHg and BTX; at constant coal flow rate, increase in methane
flow rate increases the yields of CzHs and BTX.

Keywords: coal; natural gas; pyrolysis; gasification.
INTRODUCTION

The aim of the flash pyrolysis of coal is the production of smaller
molecules frem it in a shortest possible particle residence time. There-
fore, the objective of studying the process chemistry of coal pyrolysis is
to investigate the experimental parameters that permit this aim to be
achieved and to establish the optimum conditions that produce a favorable
product slate. The basic process parameters that influence the product
yields during flash pyrolysis of coal are: (1) reaction temperature, (2)
gas pressure and (3) residence times of coal particles and ensuing tar
vapors, In addition to these major process parameters, product yields can
be influenced by other factors such as the nature of the pyrolysis gas and
its partial pressure and the gas-to-coal ratio.

Previous work on flash pyrolysis of coal at Brookhaven National Lab-
oratory was pe(formed with inert pyrolysis gases, He, N2 and Ar, and reac-
tive gas, Ho. 1) Because of its process potential, our recent work has
concentrated on the flash pyrolysis of coal with reactive methane gas.
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Methane, in the form of natural gas, has become a readily available, low-
cost raw material. Utilization and conversion of coal in conjunction with
natural gas to produce higher valued fuel and feedstocks, becomes an at-
tractive process proposition.

In general, pyrolysis experiments have been carried out in pure gas-
es, either jnert or reactive. In a few instances, mixtures of inert gases
e.g. Ng-Ar(2 or reactive gases e.g. Hz-H20 were used as pyrolysis atmo-
spheres.(3 The potential and usefulness of mixtures of inert and reac-
tive gases towards the selectivity of pyrolysis products, heretofore, has
not been investigated.

In order to determine if a relative increase in the heat transfer co-
efficient of the pyrolyzing gas could be used to increase the yields of
ethylene and BTX from coal, a detailed examination of the pyrolysis of a
New Mexico sub-bituminous coal was conducted in gas mixtures of helium and
methane. The effects of gas mixture composition, coal feed rate and gas
feed rate on the yields of ethylene and BTX are reported in this paper.

EXPERIMENTAL

The flash pyrolysis experiments were carried out in a 1-in. diameter-
by-8-ft-long d?w?flow entrained tubular reactor, details of which have
been reported. 4 The gas mixture consisted of 0-40% helium by volume
and the balance methane. Preheated methane or helium-methane gas mixture
was fed into the reactor to desired total pressure. The partial pressure
of methane was maintained constant at 50 psi in the experiments reported
here. A New Mexico sub-bituminous coal, with analysis shown in Table 1,
was used in the study. The coal, 150um or less in size, premixed with 10%
by weight of Cab-0-Si1 (a fumed silica powder) to prevent agglomeration,
was dried in a vacuum oven overnight. The high temperature gas feed is
mixed with coal at the top of the reactor causing the pyrolysis reactions
to take place. Routine gas analyses were performed with an on-line gas
chromatograph. The product yields were determined on the basis of conver-
sfon of carbon contained in the coal feed.

Table 1

Analysis of New Mexico Sub-bituminous coal (wt%)

Moisture (As Received) 7.8

Proximate Analysis: Ultimate Analysis: (daf)
Dry Ash 22.8 Carbon - 72.4
Dry V.M. 34.9 Hydrogen - 5.6
Dry V.M, 34.9 Nitrogen - 1.4
Dry P.C. 42.4 Oxygen (by diff) -  20.6




RESULTS AND DISCUSSION

Ethylene is an important raw material for the polymer market. Less
attention has been focused in the past on the production of ethylene using
coal as the raw material.We have shown earlier that there are definite
advantages in the use of methane as an atmosphere in the flash pyrolysis
of coal. At temperatures higher than 8000C, 2-5 times greter yields of
ethylene are obtainable in methane atmoifhere when compared to flash py-
rolysis in an inert helium atmosphere.( ) The enhancement in the ethyl-
ene yield was determined to be due %o an interaction between coal and
methane at the pyrolysis conditions. 6) Though greater selectivity to-
wards ethylene and BTX production can be achieved by pyrolysis of coal in
a methane atmosphere, its relatively low thermal conductivity can 1imit
the total volatiles yield obtainable from coal. Hydrogen is highly reac-
tive and it also has the highest thermal conductivity of all gases; how-
ever, it is unsuitable if the aim is to maximize ethylene and BTX yields
as they become hydrocracked in the presence of hydrogen. This, then,
leads to the possibility of pyrolyzing coal in a mixture of heljum with
high thermal conductivity and methane with high reactivity.

One of the important process parameters that influenced the ethylene
and BTX yields was found to be the methane-to-coal feed ratio. When the
gas flow rate was held constant, the yields of CpHg and BTX tend to in-
crease with lower mass loadings of coal. The results of flash pyrolysis
of New Mexico sub-bituminous coal in pure methane at 10009C and a constant
methane flow rate of 3.8 1b/hr are shown in Figure 1, The curves for both
CoHq and BTX follow the same pattern. The top curves show the total yield
of CoHg, CoHg and BTX. At the lowest coal flow rate, the ethane yield was
1.0%2 and no ethane was produced at higher coal flow rates. The decrease
in the yields of BTX, CoHg and CyoHg at higher coal flow rates can be ex-
plained on the basis of accelerated decomposition of the above products on
the surface of the hot char particles, the area of which also increases
with higher mass loadings of coal. Furthermore, higher mass loadings of
coal can also affect the heat transfer between the pyrolyzing gas and the
coal particles which, in turn, can reduce the yield of the volatiles from
coal. Thus, it becomes necessary to optimize the flow rates of coal and
methane in order to maximize the desired product yields.

Table 2 shows the yields of the products obtained when the coal was
pyrolyzed in gas mixtures of helium and methane. Three different composi-
tions of gas mixtures were used which contained 6 to 40% He in methane.
As shown in Table 2, the partial pressure of methane was constant at 50
psi in all experiments. The coal flow rate ranged from 0.8 to 1.3 1b/hr
and the methane flow rate from 2.1 to 4.6 1b/hr. The flow rates shown
here were obtained by averaging the flow rates throughout the run which
lasted for about an hour. Though instantaneous flow rate of coal is not
known, it is not expected to vary because successive gas analyses using
on-line GC were consistent for a steady state reaction conditions. The
instantaneous flow rate of the pyrolyzing gas which was recorded through-
out the run, did not reveal any significant differences.

232

I




‘paujuwalag 0N - 0N

lelop
€l P pT §T §1 g2 9T gl 81 ST ST 61 8T 01 91 L1 0)
9y (9 9°9 29 L 9°( 89 95 8G €9 9§ 99 €5 ¥9 96 08 07
9°0T €11 601 €°01 (°€1 €°ST &L  2°01 2°0T T°T1°Q°N 4°%1 2°81 8°8 (0T 0°6 X189
0'T 2l %1 1 81 ©0¢€ 80 01 91 €1 (1 22 61 (0 §1 10 ey
€6 €L 19 1°9 [0T 8% €€ I°9 9'8 9°L L9 01 UWl L'V 6L LU ey
(syseg uogquey |e0) %M}
“SPLOIA 39NPOdd
(2 672 L'z 22 tt Iy ST [2 &€ 2°¢ 0§ 9 1'9 g€¢ v ¥ op3ey (e0)/auURYIaK
2L 91 61 €92 e1 2’1 22 (T 21 (1 €1 21 g1 61 ¢1 S (29s) awj1 °say Leo)
1€°¢ 61°€  69°2 1°2 t¥°€ 86°€ 96°1 G2't 09°v BI'E E€°v 26°% SS°v 68°2 €Iy S0°v  (Ju/q|) a3ey paag dueylaw
p2°1 60°T 10°T §6°0 €6°0 £6°0 82°1 22°1 8I'1 00°1 (8°0 18°0 G/°0 22°T 22'T 00°l (4y/qL) @3ey paad |eo)
€8 €8 9 19 19 9 (5 Is 1S IS £S5 €S €5 £9 €5 0$ 1sd ‘aunssaud (301
09 09 SL SL SL SL 88 88 88 88 6 6 6 6 ¥6 001 (% LoA) aueylaw
o op s2 52 s2 52 21 a ezt a9 9 9 9 9 0 (% LOA) wny)3g
28 148  v¥8 098  [€8 (18 vS8 6v8 218 88 99L S6L 6LL 898 1.8 89 *oN uny
(1sd 0§ :®UPYIDK JO dJnsSSAUJ [P}IJed)

S2JNIX|WY SeY BuRYIAW-wn) |3} U}
200007 3B |R0) SNOULWNI{Q-QNS 0D XD MAN JO S|SA0JAd yseld

2 alqel

233



Figure 2 shows the ytelds of ethylene and BTX as a function of volume
percent helium in the pyrolyzing helium-methane gas mixture at methane-to-
coal ratio of 3.9 to 4.1 and coal particle residence time of 1.2-1.5 sec.
Both curves show that, under the conditions investigated, the yields of
CoHg and BTX increase with the amount of helium in the gas mixture. It
also appears that the yields of CoHgq and BTX will be going through a maxi-
mum, since the yields with pure helium are much lower than with the mix-
tures of CHg and He. The data in Table 2 indicate that the effect of the
helium concentration in the gas mixture on CoHg and BTX yields is more
pronounced at high methane-to-coal ratios than at low methane-to-coal
ratios.

Figure 3 shows the effect of the methane flow rate on the yield of
ethylene at a constant coal flow rate of 1.0-1.2 1b/hr. The curves for

the three different gas mixtures used in our experiments, which contained

6, 12 and 25% helium by volume, all follow similar trends. For all gas
mixtures, CoHg yield increased with the flow rate of methane. It is seen
from Figure 3 that for a given methane flow rate, the yield of CoHy in-
creased with the helium content of the gas mixture. If the increased eth-
ylene yield came from the pyrolysis of methane alone, i.e., if the ethyl-
ene yields were additive, an effect opposite to this would have been
noticed. A similar trend is noted in Table 3 with respect to BTX yield.
Thus, there is greater selectivity in the production of ethylene and BTX
in the presence of He/CHs than in the presence of either pure He or pure
CH4. This indicates an attractive process application for the production
of ethylene and BTX from coal via Flash Methanolysis.
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INTRODUCTION

Hypothetical ultimate yields for rapid coal devolatilization arose from the
historical notions that a well-defined amount of volatile precursors are present in
coal, and that their rate of release is directly proportional to a decaying reactant
concentration. However, as reviewed elsewhere(l,2), wet chemical and spectroscopic
analyses of coal structure from the past decade suggest a far less direct relation-
ship between the reactive species in coal and the pyrolysis products. According to
the aromatic/hydroaromatic model, bituminous coals are composed of aromatic "nuclei”
interconnected by various bridges and substituted with smaller functional groups on
their periphery. Although there 18 no well-defined repeating unit, bituminous coal
is an extensively crosslinked macromolecular network which swells on solvation and
exhibits viscoelasticity(3).

The aromatic/hydroaromatic model suggests three broad classes of chemical reac-
tions: dissociation of bridges, recombination of nuclei, and elimination of periph-
eral groups. When peripheral groups present initially are converted to light gas,
there is a direct correspondence between their initial concentrations and ultimate
gas ylelds. But 1in contrast, when a bridge breaks, tars do not form at a rate gov-
erned by stoichiometric proportions, and furthermore, there 1s no predetermined
concentration of tar precursors, per se, present initially in the coal. In depoly-
merizations, stoichiometric proportionalities are replaced by probabilities assigned
from molecular conformation; 1i.e., the spatial arrangement of the atoms in s mole-
cule(4). The probabilities relate the fragment size distribution to the concentra-
tion of unhroken bridges in the network, independent of the chemical reaction rates.
Nuring devolatilization, nuclei disconnect and recombine concurrently, and many
fragments never become small enough to vaporize. Tar and char yields are determined
by competitive kinetics which depend on complex conformational probabilities as well
as chemical reaction rates. Each nucleus can become either tar or char, depending on
the transient conditions for the competition. The fate of nuclei 1is not predeter-
mined, as implied in formulations which include hypothetical ultimate yields for tar
and char. Moreover, the disintegrating macromolecular skeleton of coal and the
reintegration of intermediates into char are not taken into account in the histori-
cal notions mentioned above, nor in any of the available devolatilization rate
models.

We formulated the Distributed-Energy Chain Model (DISCHAIN) to account for the
conformational aspects of coal depolymerization and char formation in a phenomenolo-
gical way. The derivation of the model and the qualitative mechanisms for product
formation have been described(5). Rate parameters have been specified by correlating
transient weight loss from a bituminous coal over a hroad range of thermal histories
for heating rates to 10°K/s and temperatures to I1300K(6). In the present study,
predictions from DISCHAIN are compared with volatiles yields from very similar
bituminous coals for heating rates between 10° and 10”7K/s and temperatures between
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800 and 2100K. No further adjustments of any of the parameters in the model have
been made. Nevertheless, predicted yields and reaction times differ significantly
among the comparisons, reflecting the influence of the different transient histories
in the cases considered.

PRODUCT FORMATION FOR VARIOUS HEATING RATES

Chain statistics introduce several novel qualitative features into the formation
mechanism for devolatilization products. In DISCHAIN, the monomer formation rate is
not directly proportional to either the bridge dissociation or the char formation
rate. Limiting cases establish that (1) the conversion of bound aromatic units into
monomers accelerates with progressive bridge dissoclations, regardless of the chemi-
cal reaction rate for bridge dissociation, and (2) the number of char links needed
to eliminate all monomers 18 lesgs than the original number of monomers. Most impor-
tant, the formation of stable char links is concurrent with the disintegration of
bridges during slow heating. This inhibits the subsequent formation of monomers,
thereby accounting for reduced yields for lower heating rates.

The mechanistic basis for yleld enhancement at faster heating rates in DISCHAIN
is not sgolely the disparity of the activation energles for tar and char formation.
Rather, the heating rate dependence is the joint result of the competition between
the processes of char and tar formation in conjunction with suppression of monomer
generation due to char formation. The activation energy disparity determines the
selectivity to tar and char from the common intermediate; 1i.e., monomer. Independ—
ently, chain statistics determine the conversion of the bound aromatic units into
the intermediate. Obviously, bound aromatic units which never become monomers are
excluded from the competition between char and tar formation.

To further illustrate the role of monomer selectivity, predicted tar yields at
four heating rates are shown in Figure 1. In these simulations, the thermal histor-
ies are linear temperature ramps at the indicated heating rates to 1900K. The onset
of devolatilization moveg to higher temperatures for greater heating rates, due to
kinetic restraints(7). The devolatilization rate increases in rough proportion to
increases in the heating rate. Reaction time constants range from 3 s at lOzK/s to 5
mg at 10°K/s. Each transient gield reaches an asymptote while the temperature ramp
is being traversed, even at 10°K/s.

Faster heating tends to preclude char formation, which increases the monomer
selectivity, and higher temperatures shifts the selectivity to tar formation. Con-
sequently, ultimate tar ylelds increase by 70 Z over this range of heating rates.
Since the mags of aromatic units distributed between char and tar is fixed, char
yields are decreasing throughout this range of conditions. Gas yields, which are not
shown, are fixed at 8%, although at 107’K/s, peripheral groups are transported away
with tar before they can be eliminated as gases. Product distributions consisting of
tars but no light gases have actually been observed during laser pyrolysis at very
high heating rates(8).

COMPARISONS WITH TRANS1ENT CONVERSION MEASUREMENTS

Predictions from DISCHAIN are compared with three sets of data for single-
particle, transient devolatilization of high volatile bituminous coals for a broad
range of thermal histories. In Bautista's wire grid study of vacuum pyrolysis,
thermal histories consist of uniform heating at 10°K/s to temperatures between 750
and 1200k, followed by sufficiently-long reaction times to observe ultimate yields
at each temperature(9). In Kobayashi's entrained-flow study of pyrolysis az
atmosplkeric pressure, the operating conditinns encompass heating rates between 10
and 10°K/s and temperatures between 1000 and 2100K(1). Time-temperature histories
are based on calculations which account for mixing between the dilute coal jet and
the preheated coaxial gas stream. In Midkiff et al.'s study of an excessively fuel-
rich stabilized coal flame, the nominal heating rate 1is 10°K/s and the ultimate
temperature 1s 2000K(11).
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The different pressures in these studies may seem objectionable in light of
significant reductions in yleld for pressures between vacuum and a few atmospheres.
Many models invoke competing mass transport and redeposition of tar from the gas
phase within and around the particles to rationalize this effect, but this basis 1is
inconsistent with measured tar deposition rates and time scales for volatiles
escape., Only a summary explanation is given here, as additiomal detail 1is given
elsewhere(6).

Vaporization mechanisms determine which heavy compounds leave the condensed
phase, depending on the molecular weight, temperature, and pressure. DISCHAIN pre-
sumes instantaneous vaporization and escape of all tars formed when monomers disso-
clate, which {s a limiting form for low pressures 1if volatiles escape by viscous
flow. Therefore, the model applies to vacuum pyrolysis regardless of temperature,
and to pyrolysis at atmospheric pressure, provided that temperatures are high enough
to compensate for the influence of pressure on tar vaporization. Regarding the
assumed instantaneous vaporization of tar, the equilibrium vapor pressure of heavy
compounds increases rapldly with increasing temperature, so that this assumption 1is
well satisfied throughout the combustion temperatures 1in both of the selected
studies at 1 atm. Based on an equilibrium vapor pressure law for coal 1liquids(12),
the ratio of the vapor pressure and the internal pressure are identical at 1000K and
an internal pressure of 1 atm, and at 1250K and an internal pressure of 10 atm.

Predicted product distributions for gas, tar, char, and unreacted coal are
compared with measured ylelds of gas and total weight loss for vacuum pyrolysis in
Figure 2. The simulations are based on uniform heating at 103K/s to the stated
reaction temperature, followed by an 1sothermal reaction perifod between 6 and 30 s,
depending on reaction temperature. In all cases, ultimate yields were reached before
the end of the experimental reaction time. Model predictions were converted to the
daf-basis with a reported ash content of 9.2 Z.

The relative ylelda of tar and gas are reliably predicted only beyond 900K,
while predicted and measured weight loss differ by several percent at temperatures
below 1000K. The predicted temperature dependence 1is more consistent for tar ylelds
than for gas yields. Predicted ylelds for unreacted coal and char seem reasonable,
but cannot be assessed quantitatively. Unreacted coal persists through 1000K as a
result of the broad range of dissociation energies for bridges. The amount of char
increases monotonically throughout this temperature range, but exhibits a maximum
for higher temperatures and heating rates.

In succeeding comparisons, only weight loss 13 shown because gas phase chemistry
alters the product distribution at high temperatures. The product distributions from
DISCHAIN constitute flux conditions for detailed modeling of the rate phenomena in
the vicinity of the particles, rather than conditions in the free stream.

The comparison for the atmospheric entrained flow study appears in Figure 3. The
simulations are based on thermal historles calculated by Kobayashi which account for
mixing effects near the 1injector(10). These thermal transients are significantly
longer than for an individual particle injected into a quiescent gas at the reactor
temperature, as expected. Also shown in Figure 3 are correlations from the competing
two-step model(10). Kobayashi assigned rate parameters in order to fit these data;
in contrast, rate parameters from DISCHAIN were not readjusted from the values
assigned from data at much slower heating rates and lower temperatures.

Predicted welght loss is within the experimental error at both the extremes in
temperature, but several percent too high at 1510K and 1260K (not shown). Predicted
reaction time scales are as reliable as those from the correlation assigned from
this data. Also, the predicted ultimate yleld of 62 % at 2100K 18 substantially
greater (15 % daf) than the greatest value in the data set used to assign the param-
eters in DISCHAIN (47 % 103K/s and 1300K). Moreover, it is 22 X daf greater than the
measured yleld at 10°K/s and 1300K (12). Since the parameters have not been
adjusted, these yield enhancements can be attributed to the influence of heating
rate. as described in the previous section.
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The final comparison involves a stabilized one-dimensional coal flame(ll).
FPactors beyond devolatilization arise in coal flames, but most complications are
absent under excessively fuel-rich conditions. The coal density was 470 mg/l, corre-
sponding to fuel equivalences of 3.30 with respect to the whole coal and 1.34 with
respect to the ASTM proximate volatile matter. All oxygen was consumed before one-
third of the ultimate volatiles yleld was observed, and heterogeneous oxidation was
negligible.

Complete transient thermal histories, from the point of injection to thé onset
of devolatilization, have not yet been measured for any coal flame, including this
one. Midkiff, et al. report transient weight loss, gas temperatures, and optically-
determined particle temperatures on a time coordinate referenced to the first meas-
urement point, rather than the point of injection. The first reported temperature,
1750K, exceeds the threshold for devolatilization at hesting rates as fast as 10'K/s
(DISCHAIN predicts that devolatilization begins at 1250k for a heating rate of
2x105K/s; c.f. comparison with Kobayashi's data at 1940K in Pigure 3). Therefore, a
sinmulated thermal history, instead of the measured particle temperatures, has been
used to obtain the predictions discussed below.

Predicted weight loss 1is compared to the sum of the measured losses of volatile
matter and fixed carbon in Figure 4. The thermal history in the simulations consists
of uniform heatup at lOSK/s to 2000K, the ultimate temperature observed 1in the
experiment. The time coordinate for the predictions and measurements is referenced
to the onset of devolatilization. The reaction time scale 1s adequately described,
but the predicted ultimate yleld exceeds the measurements by 5 %. However, soot was
observed but not separated from the collected char samples, so the measured ylelds
are less than the true values. An upper bound for this influence far exceeds the
discrepancy in this comparison, as Nenninger et al. observed soot ylelds of 22 2
from the high temperature pyrolysis of a high volatile bituminous coal(l3).

CONCLUS1IONS

The accuracy of the predicted reaction time scales and yields from DISCHAIN is
significant because hypothetical ultimate ylelds are absent, model parameters were
not adjusted, and a wide range of thermal histories was spanned in the comparisons
with dsta. Experimental errors necessarily increase as coal combustor conditions are
approached. Neverthelesa, this evaluation is more stringent than previous compar-
isons bhetween devolatilization models and measurements, and provides the basis for
the following conclusions:

1. Bridge dissociation concurrent with char formation diminishes the conversion
of bound aromatic nuclei 1in coal 1into unattached tar precursors, which

constitutes a mechanistic basis for enhanced ylelds for faster heating
rates.

2. Predicted ylelds based on the same parameters ranged from 40 % at 102k/s and
1300K to 62 % at 10°K/s and 2100Kk, in agreement with measured yields at the
respective conditions within the experimental error.

3. Predicted reaction times and yields from DISCHALN agree quantitatively with
transient measurements from high volatile bituminous coals for heating rates
between 10~ and 10”7K/s and reaction temperatures between 800 and 2100K.
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1.0 ABSTRACT

In-bed desul furization using calcium based sorbents has been evaluated in the KRW
pressurized fluidized bed gasifier as part of a joint program with KRW Energy
Systems Inc. and the U. S. Department of Energy. For combined cycle power
generation or synthesis gas applications such a system has large potential economic
advantages over second generation gasifiers which use conventional cold gas cleanup.

In addition to achieving over 90% desulfurization, the process has also
demonstrated significant gains in cold gas efficiency and fines consumption. Pilot
plant performance data are presented for the KRW gasifier-desulfurizer process and
the preliminary results of an in-bed waste characterization study are also
presented. Though untreated in-bed wastes contain potentially hazardous calcium
sulfide, laboratory-scale tests have shown that roasting processes can be adapted
for converting the waste to a non-hazardous form.

2.0 INTRODUCTION

The production of low-Btu {120-160) Btu/scf gas from coal for use in combined cycle
power generation is attractive to the utility industry because the feedstock is an
abundant domestic natural resource and because it offers economic advantages over
conventional coal fired steam plants.(1)

Conventional stack gas clean-up technologies are proving to be capital expensive
and have the added disadvantage of poor thermal efficiency. In-bed clean-up with
calcium sorbents offers an effective and economical method of removing the sulfur
species from the product gas without pre-cooling. The particulate free hot gas can
then be used directly in a gas turbine providing improved overall process
efficiency.

The market incentive for an economical coal gasification combined cycle electric
power generating plant will be substantial in the 1990's. According to the U. S.
Department of Energy (1), 18% of the current U. S. generating capacity is greater
than 25 years old. The KRW coal gasification combined cycle hot gas cleanup
process is ideally suited to the needs of the electric power industry in the 1990'‘s
on the basis of environmental, cost and plant size considerations.

3.0 BACKGROUND
3.1 KRW Coal Gasifier

The KRW gasifier is a pressurized fluidized bed process which can convert a variety
of solid carbonaceous feedstocks into low-Btu (100-160 Btu/scf) or medium-Btu
(200-300 Btu/scf) gas. The essential features of the gasifier are shown in Figure
1. Run-of-mine coal or lignite in the size range of 1/4-inch x 0 is surface dried,
pressurized in lockhoppers, and injected concentrically into a high energy
oxidizing jet located in the combustion zone. The coal is rapidly devolatilized
and decaked, and the residual char is gasified by steam in the upper region of the
fluidized bed. The jet induces a vigorous toroidal motion of solids between the
lower heat producing combustion region and the upper heat consuming gasification
region. The coal ash undergoes partial melting and sintering in the hotter
combq§t1on Jet, and the resulting ‘glue’ action causes fine ash particles to
agglomerate. These ash agglomerates are separated from the char in a fluidized bed
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separator located in the bottom section of the gasifier, are cooled with recycle
gas, and are extracted by means of a rotary feeder and depressurizing lockhoppers.
Fines elutriated from the gasifier are captured in an external cyclone and recycled
directly to the gasifier by means of a nonmechanical valve. Fines escaping the
cyclone are captured in a full-flow sintered metal filter. This filter is capable
of operation up to 1200°F and removing all fines one micron or greater in size.
The gasifier may be operated either in the air-blown mode for Tow-Btu gas (100-160
%gnésc;; or in the oxygen-blown mode for medium-Btu fuel or synthesis gas (200-300
scf).

The process has been demonstrated for a wide range of feedstocks and conditions at
the Waltz Mi1l 15-30 tons/day Process Development Unit (PDU) under funding by the
DOE and its predessor agencies. In addition to its ability to process a variety of
feedstocks, the process has also demonstrated effective utilization of coal fines,
high overall carbon conversion efficiency, and virtual elimination of tar and oil
in the product gas.

3.2 In-Bed Desulfurization

In-bed desulfurization has been identified as a potential hot gas cleanup concept
for meeting environmental regulations on sulfur emissions from the KRW gasifier.
Such a system would have economic advantages over cold gas clean-up in a coal
gasification combined cycle power generation application. KRW has conducted four
in-bed PDU tests in 1984 and 1985 to demonstrate the feasibility of this concept.
In addition to achieving over 90% desulfurization to meet the New Source
Performance Standards for sulfur emissions, the process cold gas efficiency
improved by 20% over conventional PDU gasifier operation.

Hot gas clean-up via the in-bed concept involves the removal of sulfur bearing
gases, HpS and COS, by reacting them with dolomite (CaC03.MgC03) or limestone
(CaC03) to form sulfided or spent sorbent (CaSMg0 or Cas?. Sorbent is fed into
the gasifier freeboard to mix with the the bed char and remove H2S and COS from
the product gas. The spent sorbent is eventually withdrawn through the gasifier
annulus along with ash agglomerates.

The overall reaction occurring in the gasifier bed is:
CaC03(MgC03) + HpS+ CaS(Mg0) + 2C02 + H20 1}
for the dolomite/hydrogen sulfide reaction, or similarly:

CaC03 + HpS+ CaS + COp + Ho0 2)
for the limestone/hydrogen sulfide reaction. Calcium sulfide (CaS) is a reactive
waste which can recombine with acidic water to release toxic HpS gas. Further
treatment is necessary to convert the CaS to the environmentally acceptable sulfate:

CaS + 2 0p + CaSOg 3)
The primary goal of oxidation is to reduce the activity of the sulfide with the

environment and render the waste non-hazardous. The waste could then be disposed
of in conventional solid waste landfills,



4.0 DESULFURIZATION PERFORMANCE

The development program has comprised a series of PDU tests to first demonstrate
gasifier operability and, thereafter, to optimize the desulfurization process.
During tests TP-036-1 and TP-036-2, the gasifier was successfully operated with
dolomite injection in a controlled and balanced manner. The subsequent’ tests,
TP-036-3 and TP-036-4, demonstrated that high levels of desulfurization could be
achieved with both dolomite and 1imestone sorbents. Table 1 summarizes the
significant achievements of the in-bed desulfurization program.

TABLE 1. SUMMARY OF KRW IN-BED DESULFURIZATION RESULTS*

Steady State

Coal Coal Sulfur Sorbent Ho$ €C0S  Ca/S Molar Desulfurization
Type  Content (%) Type {ppm) {ppm) Feed Ratio Achieved (%)
Pgh. #8 2.3 Glass Dolomite 550 263 1.67 86
Pgh. #8 4.5 Glass Dolomite 679 216 1.55 92
Pgh. #8 4.5 Greer Limestone 651 258 1.84 90
Wyoming 2.0 Glass Dolomite 484 167 2.0 9

*preliminary

The equivalent desul furization for 1imestone injection into conventional furnaces
and atmospheric fluidized bed combustors (AFBC) require Ca/S molar feed ratios of 3
to 6 (2, 3) compared to the ratios of 1.5 to 2.0 demonstrated by the KRW process.
The advantages of desulfurization in the reducing gasifier environment are
attributed to the faster rate of hydrogen sulfide/calcium oxide reaction compared
to the sulfur dioxide/calcium reaction and the absence of sintering. Sintering is
indicated by low BET surface areas (4). Sorhent surface area measurements of the
bed material were relatively high at 10-40 p¢/g compared to typical calcine

surface areas which range from 0.5 to 40. m</g for calcined carbonates (5). The
reducing environment apparently does not increase sintering. '

PDU results indicate desulfurization is a function of the sulfur input rate and
output rate. The sulfur species concentrations in the product gas were
characteristically in the range of 500-650 ppm for HS and 160-270 ppm for COS
for large variations in feedstock sulfur content. Since the sulfur output rate is
limited, the degree of desulfurization increases as the sulfur input rate (coal
sulfur content) increases.

Desulfurization varies inversely with product gas steam concentration based on
recent PDU tests. A negative correlation coefficient of 0.8 was found 1inking

steam and hydrogen sulfide concentrations for the KRW Data Base. Equilibrium
effects via the reaction
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H2S + Cal «+ Ca$ + Ha0 4)

are probably negligible because the value of the equilibrium constant is so large
for gasifier temperatures in the range of 1600 to 1900°F (6). In fact, HpS
concentrations were generally on the order of 200-400 ppm higher than equilibrium
levels, so it seems improbable that equilibrium limits desulfurization. (If,
however, gas phase diffusion of Hy0 from the reacting core is the limiting rate
the e$u111brium concentrations of HpS in the particle core may limit
desulfurization). KRW investigations of the mechanism by which Hy0 1imits
desulfurization are currently underway.

Small incremental increases in desulfurization were also achieved with large
increases in the calcium/sulfur feed ratio as shown in Table 2.

Table 2
Incremental Increase In Desulfurization as a
Function of Ca/S Ratio for Pgh. 4.5% Sulfur Coal

Ca/s Observed % Observed HoS Equilibrium
Feed Ratio Desulfurization ppm HoS ppm
1.84 9 651 180
3.4 94 424 242

These results differ significantly from fluidized bed combustor experience where
des¥1furization is directly proportional to and highly dependent on the Ca/S feed
ratio.

5.0 WASTE CHARACTERIZATION

Because of the complexity of environmental regulations, an investigation of waste
characterization testing and disposal laws' was conducted. Section 3001 of the
RCRA directs the EPA to promulgate criteria for identifying and 1isting hazardous
waste. In a large number of cases, it is possible to determine a wastes
classification by its specific exclusion or identification as a hazardous waste.
For other wastes, the EPA has prescribed tests to determine whether it possesses
one of four hazardous characteristics - corrosivity, ignitability, reactivity, and
extraction procedure (EP) toxicity. Since coal gasification wastes are not on any
of the promulgated hazardous wastes 1ists by specific and nonspecific sources, it
is the responsibility of the generator to determine if the released waste possesses
any of the four hazardous characteristics,

Reactivity and EP toxicity are the most critical characteristic for in-bed waste
disposal. Presently, the EPA has not yet promulgated a test procedure or a
quantitative threshold for toxic gas generation reactivity. During the interim
they have recommended a draft test method and interim reactivity thresholds



(7, 8). The quantitative threshold for the total available sulfide measured via
the draft test method 1s 500 mg evolved H2S/Kg waste when subjected to an acid
leach (ph = 2.0) for 30 minutes. Wastes releasing more than that level may be
regulated as hazardous.

| U

Unsulfated in-bed solid waste samples from the fines loss, separator pit §’ludge and
gasifier discharge were analyzed for reactive sulfide levels and EP toxicity.
Table 3 contains typical EP toxicity test results.

TABLE 3. TYPICAL RCRA EP TOXICITY TEST RESULTS OF KRW
IN-BED DESULFURIZATION SOLIDS WASTES (mgA ) ,

Metal Ag As Ba cd Cr Hg Pb Se
Maximum Allowable - — - - - '
Concentration 5 5 100 1.0 5.0 0.2 5.0 1.0
Gasifier Discharge 0.03 0.048 <0.1 <0.005 0.03 <0.03 <0.002 <0.004 /
Fines Loss 0.01 0.068 0.4 <0.005 <0.01 <0.03 0.012 0.009

Separator Pit Sludge 0.01 0.002 0.6 <0.005 <0.01 <0.03<0,002 <0.004

The level of EP toxic metals in samples taken during TP-036-3 and TP-036-4 were all
significantly below the RCRA toxic levels.

Typical reactive sulfide levels for the in-bed process are shown in Table 4.

TABLE 4. REACTIVE SULFIDE TEST RESULTS FOR KRW IN-BED
DESULFURIZATION SOLID WASTES FROM TP-036-3

SuTfide Reactive sulfide
Sample Wt % (mg/kg}
Untreated Gasifier Discharge 8.6 >1200 '
Fine Loss 1.3 <5
Separator Pit Sludge 0.9 <5

The fines loss samples from the process had extremely low reactive sulfide levels
of less than 5 ppm. Separator pit sludge, which consists of wet fines carryover
from the quench/cooling system, also had less than 5 ppm reactive sulfide.
However, all untreated PDU withdrawal wastes generated during TP-036-3 sorbent

lnj:ction may be potentially hazardous when subjected to the interim EPA reactivity
est.
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As part of an extensive study of the characteristics of in-bed wastes, the gasifier
discharge material was sulfated in laboratory scale reactors under a variety of
experimental conditions. Table 5 summarizes the reactor conditions, reactive
sulfide levels, and sulfur analysis of several samples.

TABLE 5. EXPERIMENTAL CONDITIONS, SULFUR ANALYSIS AND REACTIVE
SULFIDE LEVELS OF SULFATED GASIFIER DISCHARGE

Furnace  Oxygen Gas Contact Reactive Total Percent
Reactor Temp. Concen. Flow Rate Time Sulfide Sulfur Sulfation
Type (°F) (Vol ¢) (liters/min) (hrs) (mg/kg) (Wt%) (mole %)
Packed Bed 1500°F 21 5 1 5 5.00 80.7
Fluidized 1500°F 5 >10 1 <5 NM NM
Bed
Open Dish 1500°F 21 0 1 <5 7.48 63.4
Open Dish 1500°F 21 0 3 <5 8.02 74.0

NM - Not Measured

The configuration and experimental conditions tested were adequate for reducing the
reactive sulfide levels of the withdrawal sample to less than 500 mg/kg. These
results are encouraging for the in-bed program because sulfation is the simplest
and most direct method of treating in-bed wastes. Further studies of reaction
kinetics are necessary to determine the optimal conditions for sulfation of the
in-bed wastes to meet RCRA requirements. Tests are underway at the PDU to evaluate
the technical feasibility of a continuous waste treatment process.

6.0 GASIFIER PERFORMANCE

Gasifier performance was observed to improve during {n-bed testing. The results of
those set points in which gasifier performance was significantly enhanced due to
sorbent injection are shown for tests TP-036-3 and TP-036-4 in Table 6.

TABLE 6. PILOT PLANT PERFORMANCE WITH IN-BED DESULFURIZATION

Gasifier Carbon
Air/ Bed Conversion Cold Gas
Coal Temp. Efficiency Efficiency
Coal Sorbent (1b/1b) (°F) (%) (3)
Pittsburgh -- 4.28 1846 90 50
Pittsburgh Dolomite 3.39 1950 90 73
Pittsburgh Dolomite 3.37 1970 91 72
Pittsburgh Limestone 3.27 1830 92 70
Wyoming Dolomite 3.03 1820 91 65
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Results from set points without sorbent injection are also shown for comparison,
The benefits of sorbent injection are an increase in the cold gas efficiency and a
decrease in the apparent fines elutriation rate.

Cold gas efficiencies increased dramatically during in-bed desulfurization from 50
to 70%. The increase in cold gas efficiency and corresponding drop in air/coal
ratio may indicate improved gasification.

The catalytic effect of calcium on gasification rates has been documented by Walker
(9), Freund (10), and Van Heek and Muhlen (11). Freund (9) found calcium catalyzed
carbon reacted at a rate 100 times the rate of uncatalyzed carbon for the
gasification of C0O». Catalytic effects are one of several potential contributing
factors being investigated by KRW.

Fines loss rates and elutriation decreased dramatically with the bed weight of the
gasifier/desul furizer as shown in Figure %. Increasing bed weight reflects the
replacement of low density char (25 1b/ft°) by high density sorbent (80 1b/§t3)

and the reduction of bed voidage. Reduced fines loss and elutriation rates are
primarily the result of increased gasification rates and longer fines residence
times. Improved gasification is attributed to the presence of the calcium based
sorbents in the bed. Low bed voidage indicates low gas bypassing as bubbles,
Fluidized bed filtering of fine material increases with decreased gas bypassing
(12). The filter mechanism increases the fines residence time in the bed so that a
larger portion is consumed before escaping the bed surface.

7.0 CONCLUSIONS

In-bed desulfurization integrated with hot particulate removal is potentially the
most economical fossil energy process for converting all types of U.S. coals to
electricity while complying with New Source Performance Standards {NSPS) for sulfur
removal.

The in-bed program for direct injection of calcium-based sorbents into the KRW
gasifier has demonstrated

0 desulfurization exceeding 90% for a 4.5% sulfur coal
0 cold gas efficiencies over 70%
0 feasible waste treatment by sulfation

Future development work at KRW includes pilot-scale sulfation of the gasifier
discharge and demonstration of through put improvements. Laboratory scale
investigations of desulfurization and the effect of calcium-based sorbents on char
gasification will be conducted in parallel with the pilot plant testing to
determine the controlling mechanisms for the relevant reactions. .

KRW is also developing an external bed desulfurization system using zinc ferrite
sorbent which is capable of removing sulfur compounds in a hot (1100°F) coal gas
strean to a level of 10ppm. Installation and testing of the externa) bed

desulfurization system is currently underway at the KRW Process Development Unit.
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MOUNTAIN FUEL RESOURCES 30 TONS PER DAY ENTRAINED
FLOW COAL GASIFICATION PROCESS DEVELOPMENT UNIT

Chiang=-liu Chen and Ralph L. Coates

Questar Development Corporation
141 East First South Street
Salt Lake City, Utah 84147

INTRODUCTION

Pregsurized gasification of coal in experimental entrained flow gasifiers was
studied rather extensively during the period between 1953 and 1962 at the U.S.
Bureau of Mines Morgantown Coal Research Center (1,2). A laboratory-scale gasifier
with some similarity to the Bureau of Mines unit was operated by the Byring Research
Institute (MFI) between 1974 and 1978 (3,4). This work was followed by extensive
process design studies carried out by Mountain Fuel Resources (5) which also led to
the issuance of a U.S. patent (6). One of the important conclusions from this study
was that feeding the dry coal to an entrained flow gasifier with recycle product gas
was inherently more efficient than feeding the coal as a water slurry.

A 30 tons per day process development unit (PDU) was designed, constructed and
operated between 1980 and 1984 to provide data for further scale-up of system
components. Controlled continuous dry-feeding of pulverized coal into the gasifier
at pressures between 100 and 260 psia (600 and 1700 kPa) was achieved. The unit was
operated for more than 2000 hours on six different feedstocks. Most of the tests
were conducted with Utah bituminous coal, achieving above 90 percent carbon conver-
sion without char recycle.

DESCRIPTION OF PDU

Coal, 2" x 0" in size, was brought to the PDU site by trucks and piled on
asphalt pads. The coal was reduced to less than 1/4" in size in a hammer mill, then
pulverized to 70 percent minus 200 mesh in a roller mill. The pulverized coal was
carried by hot gas into a cyclone where 90 to 95 percent of the coal was separated
and dropped into a 20 ton storage bin. The remaining fine coal carried over from
the cyclone was collected in a baghouse and also stored in the storage bin.

Coal was conveyed from the storage bin to a 3 ton lock hopper with nitrogen
and, after being filled with coal, the lock hopper was pressurized with recycled
product gas to the same pressure as the coal feed hopper below and the coal was
discharged into the feed hopper. From the feed hopper the coal was fed into the
coal feed line and carried to the gasifier by recycled product gas. Approximately 8
to 10 percent of the product gas was recycled to carry the pulverized coal. Twin
augers located in the bottom of the coal feed tank were used to regulate the rate of
coal flow into the feed line. Figure 1 presents a simplified process flow diagram
of the PDU.

The gasification reactlons weze carried out at pressures up to 260 psia and at
temperatures around 1565 C (2850 F) in a refractory-lined chamber approximately 2.3
cubic feet (0.065 cubic meters) in volume. Both heated oxygen and superheated steam
were fed to the reactor. The reactor residence time was in the range of 0.5 to 1
second for most of the tests conducted. A radiant heat exchanger is located immed-
iately below the gasifier in the same pressugﬁ vessel. The raw product gas leaves
the vessel at a temperature about 670°C (1240°F). Approximately 50 to 60 percent of
the ash in the form of slag droplets and char is collected at the base of the
vessel. A water spray is used to cool the slag. Periodically, the slag and char
are discharged into a slag lock hopper. Then the lock hopper is depressurized and
the contents discharged into the slurry discharge tank where they are combined with
fly ash, soot, and water discharged from the scrubber. This mixture is then pumped
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to a hydroclone. The underflow from the hydroclone is discharged to the waste water
pond and the overflow to the recycle water pond.

The hot product gas from the radiant heat exchanger vessel passes through a
section of double-wall pipe heat exchanger and into a scrubber and packed tower.
The gas is metered and sampled on~line for analysis downstream of the scrubber and
then is flared.

GASIFIER

A schematic drawing of the pressure vessel containing the gasification chamber,
the heat exchanger internals, and slag quench section is presented in Figure 2.
This vessel is 48 inches in diameter and 20.5 feet in length, The diameter of the
refractory-lined reaction chamber is 16 inches. The refractory is supported by a
water-jacketed cylinder. Coal, oxygen and steam are injected into the gasifier at
the top of the chamber. Coal is injected through a water-cooled 1-1/2 inch feed
nozzle and oxygen and steam mixture is injected through an annular space around the
coal feed injector. Figure 3 shows a schematic drawing of the injector nozzle and
head assembly. The head is fabricated from beryllium copper alloy, which is cooled
by passing water through a slot parallel to the surface facing the reactor.

The heat exchanger internals inside the pressure vessel consist of three
separate sections., The first section, the radiant heat exchanger, is a cylindrical
membrane wall manufactured from steam tubes with strips of metal welded between
them. Saturated water from the steam drum enters the tubes from the bottom and
flows up through the tubes producing steam. The tube wall is also equipped with
four soot blowers. The second section is a coil that cools the lower portion of the
pressure vessel and protects it from the hot product gas. A small amount of steam
is generated in this coil through convective heat transfer. The third section is
located in the bottom of the vessel and consists of the slag quench equipment. A
spray ring is installed in the bottom of the exchanger. Cooling water from the
recycle water pond is sprayed through nozzles on this ring to form a pool of water
in the bottom of the vessel.

Corrosion tests were conducted by IIT Research Institute (7) by installing test
coupons in the slag quench pool. Test results show that at the bottom of the
radiant heat exchanger, where corrosion coupons were submerged in the slag quench
pool most of the time and the temperature scarcely exceeded 220°F, materials like
A515 carbon steel, aluminized carbon steel, 2 1/4Cr-1Mo, 1 1/4Cr-1Mo, 9CR-1Mo, and
410 SS suffered from heavy corrosion. Types 304 SS and 316 SS exhibited acceptable
overall corrosion, but they have a tendency to pit in this environment. The Incoloy
800 specimens showed excellent resistance to general corrosion and pitting.

TEST RESULTS WITH UTAH BITUMINOUS COAL

Extensive tests were conducted with Utah bituminous coal from Southern Utah
Fuel Company's (SUFCO) Mine No. 1 located near Salina, Utah. Table 1 presents
typical proximate and ultimate analyses of the pulverized coal. The coal received
at the plant usually contained about 8 to 10 percent moisture.

The range of the principal operational parameters and test results from July
through September 1984 are presented in Table 2. Figure 4 presents product gas
rate, and gas composition versus coal feed rate. The gas production rate averaged
29.3 SCF/1b of coal. For the range of coal feed tested, carbon monoxide was found
to increase and carbon dioxide to decrease slightly with coal feed rate, while
hydrogen seemed to reach a maximum at about 1400 pounds per hour coal rate. The
ranges of the dry volume percent of the major gas components are 51 to 60 percent
for CO, 30 to 36 percent for H,, and 6 to 12 percent for CO,. The cold gas effi-
ciency and fraction carbon gas:szied increase with oxygen/coal ratio and coal feed
rate for the range of conditions tested. It is obvious that the fraction of carbon
gasified will increase toward a value of 1 with increasing oxygen to coal ratio;
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however, the cold gas efficiency is expected to reach a maximum value then start to
fall as hydrogen and carbon monoxide react with oxygen and reduce the heating value
of the product gas.

COMPUTER MODEL PREDICTIONS

Several sets of computations were made with a theoretical gasifier model to
assess the effect of systematic variations in reactor conditions on performance of
the gasifier and product gas composition. Model parameters were empirically deter-
mined from fitting the experimental data. Table 2 also presents a range of
predicted performance by computer model. The variations examined were:
(1) oxygen/coal feed ratio, (2) steam/coal feed ratio, (3) recycle gas/coal ratio,
and (4) reactor heat loss., Results from these computations are presented in Figures
5 through 8. The cases were run using the model parameters as optimized for the
July~-September SUFCO coal data. The predicted product gas volume and product gas
composition are plotted versus the oxygen coal feed ratio, with other variables as
parameters.

It was found that the heating value of the product gas is at a maximum for an
oxygen/coal ratio of between 0.8 and 0.9. Variations in the recycle gas to coal
ratio were calculated to have only a weak influence on the product gas composition
and volume. The steam/coal ratio, Figure 6, demonstrates a strong influence on the
product gas composition with little effect in the product gas volume. The carbon
monoxide concentration is highest for a lower steam/coal ratio. For lower oxygen
feed rates, the temperature is a strong factor in the product gas volume. However,
at an oxygen/coal ratio between 0.8 and 0.9, the cold gas efficiency is unaffected
by the steam feed rate.

Variations in the reactor heat loss were calculated to significantly affect the
product gas volume and composition, mainly through lowering the reactor temperature.
Figure 7 shows significantly lower product gas volume and quality with a higher
reactor heat loss. PFigure 8 again presents the effect of reactor heat loss; how-
ever, here the oxygen/coal feed ratio was adjusted to yield the desired reactor
temperature. For a constant reactor temperature, a higher reactor heat loss dete-
riorates the product gas quality only slightly.

The oxygen/coal feed ratio is the controlling parameter on reactor temperature
and performance. The effect of variations in steam, recycle gas ratio and the
reactor heat loss on the cold gas efficiency are relatively small compared with the
effects of varying the oxygen/coal ratio.

Table 3 presents a direct comparison of PDU data with the design assumptions
for a scale-up unit utilizing SUFCO Utah bituminous coal.

CONCLUSIONS

The dry-feed, entrained coal gasification PDU was operated successfully for a
total of about 2200 hours. Controlled continuous dry~feeding of pulverized coal
into the gasifier aﬁzpressures up to 2?0 psia was achieved. Reactor throughputs of
up to 754 lbs/hr/ft™ or 317 lbs/hr/ft”, gas yields of about 32 SCF/lb coal and gas
heating values of 294 BTU/SCF were achieved. Carbon conversion efficiencies above
90 percent without char recycle were achieved with Utah bituminous, Wyoming sub-
bituminous, and North Dakota lignite coals. Cold gas efficiencies as high as 80
percent were achieved with SUFCO coal. Sufficient reproducible data were obtained
for scale-up design for applications utilizing Utah bituminous coal from SUFCO Mine
No. 1.
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