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ABSTRACT 

Comparative kinetic of reduction and sulfidation of zinc oxide and zinc titanate materials were carried out 
i n  a thermogravimetric apparatus over the temperature range of 600;1ooo.C (reduction) and 500-7oo.C 
(sulfidation). Both dry as well as wet (H20) reactant gas mixtures of %-N, were used in reduction. For 
sulfidation, gas mixtures of %-H,S-N, were tested.Sulfidation reactivity and reduction stability were 
correlated with active sorbent crystal phase, e.g. ZnO, Zn,TiO,, ZnTiO,. and Zn2Ti,08. TiO, addition 
into ZnO retarded reduction rate. 

1hTRODUCTION 

The removal of H,S to sufficiently low levels from coal-derived gas streams at elevated temperatures is 
crucial for the efficient and economic coal utilization in emerging advanced power generating systems 
such as the integrated gasification-combined cycle and the gasification-molten carbonate fuel cell. 
Previous studies (1.2) have investigated zinc oxide (ZnO) as a regenerable sorbent. The thermodynamic 
equilibrium for sulfidation of ZnO is quite favorable, yielding desulfurization down to a few ppm H,S. 
However, a difficulty with all sorbents containing zinc oxide is some reduction to volatile elemental zinc 
at temperatures above 6 C N X .  The instability of zinc oxide in a reducing atmosphere limits its operating 
temperature to approximately KICPC. 

Recent sorbent developmental work has shown that mixtures of ZnO with TiO, in the fomi of 
compounds such as Zn,TiO, or ZnTiO, can be used at higher desulfurization temperatures than pure ZnO 
without appreciable zinc loss by reduction and vaporization of zinc metal (3-5). The decrease in reduction 
was attributed to the formation of the mixed -0 compom.ds. 

I n  this study, the behavior of pure ZnO and several ZnO-TiO, sorbents with a molar ratio of ZnO to TiO, 
ranging from 23 to 9:l was examined in both reduction with &-N, at 600-1000=€ and sulfidation with 
H,S-H,-N, at 500-7OOC. Detailed kinetic studies of a sorbent containing 2 Zn0:l TiO, and of pure ZnO 
were conducted in reduction and sulfidation experiments. In addition, the effect of H,O on the reduction 
behavior was studied. H,O is.usually a significant component of coal-derived gases. H,O content 
varying from 50 vol% in a fixed bed Lurgi gasifier to 10 vol% in a fluidized bed KRW gasifier is typical 
(6). 

EXPERIMENTAL 

Model sorbent materials were prepared by the amorphous citrate technique (7) which involves the 
complexation of aqueous solutions of the metal salts in desired proportions with citric acid followed by 
rapid dehydration. pyrolysis and air calcination at various temperatures. The major advantage of this 
preparation technique is the production of bulk mixed oxides with good interdispersion and 
homogeneity. Additionally, mixed oxide particles produced by this technique are highly macroporous, 
and, thus, amenable to independent measurements of chemical kinetic rates and product layer diffusion 
(in the absence of pore diffusion). A typical material produced by this method is shown in Figure 1. 

The sorbents were characterized by several bulk and surface analysis techniques. X-ray diffraction 
(XRD) identification of crystalline phases present in the mixed oxide sorbents was performed using a 



CuKa source by a Rigaku RU300 inshument. Specific surface area was measured with a Micromeritics 
Flow Sorb II 2300 BET apparatus. The pore volume and pore size distribution were detemined by 3 
Micromeritics Autopore 9200. 

Reactions were performed in a Cahn 113-X thermogravimemc apparatus (TGA) equipped with a Cahn 
2000 electrobalance, an electric furnace, a Micricon temperature controller, and a Bascom Turner data 
acquisition system. The balance section of the TGA is constantly purged with nitrogen gas flowing at a 
known flow rate. The reactant gas is introduced into the apparatus through a side-stream. A thin layer of 
sample (typically 2-4 mg and -1 15/+170 mesh size) was placed on a quartz pan suspended by a quam 
hangdown wire. 

RESULTS AND DISCUSSION 

Sorbent Reduction 

Reduction Studies of ZnO neat and s e v d  ZnO-TiO, materials with various zinc to titanium ratios were 
carried out in the TGA. A few of the solids studied are listed in Table 1. Several different crystalline 
phases were identifed in the mixed oxide sorbents, namely, ZnO, Zn,TiO,. Zn,Ti,O,, and ZnTiO,. The 
overall reduction reactions that can rake place are: 

ZnO + HZ --> Zn +GO 
Zn,TiO, + Z H ,  --> 2Zn + TiO, + 2H,O 
Zn,?,O, + W, --> 2% + 3Ti0, + 2&0 
ZnTi03 + y --> Z n  + T i 4  + q0 

The initial rate of reduction for samples with different composition of ZnO-TiO, is shown in Figure 2. 
The rates for two temperatures, 6O@C and 7 W ,  in 10% &-90% N, are depicted. The initial rate is 
defined as the rate of Zn loss (mmol/s) normalized with the total surface area of the sample (an2). 22T 
(Table I)  which is composed of Zn2Ti04 corresponds to 66.7% ZnO in Figure 2.0% ZnO is equivalent 
to 100% TiO,. In agreement with previous studies (3-5). lower reduction rates are observed with zinc 
titanates. With as little as 10% TiO, (Z9T in Table I), a noticeable decrease in the rate is observed. As 
shown in Figure 2, the reduction rate for the sample with 10% TiO, is approximately twice as slow as 
ZnO neat. For a sample with 25% TiO, (Z3T), the reduction rate is approximately IO times slower than 
ZnO neat. This is true even though 33% of the zinc in Z3T is present as ZnO. The smking observation is 
that as the amount of TiO, increases above 25%, the reduction rate remains relatively unchanged. This is 
m e  regardless of the fact that the crystalline phases present vary with sorbent composition. 

From XRD analyses of partially reduced Z2T3, only the phases of ZnTiO, and TiO, were found. Thus, 
reduction of ZnTiO, proceeds directly by reaction (4). The partially reduced sorbent Z2T is composed of 
a mixture of Zn2Ti04 and Zn,Ti,O,. Thus, reduction of Zn,Ti04 proceeds by: 

Zn,Ti04 + 4/3 H, --> 1/3 Zn,Ti,O, + 4/3 Zn + 413 %O ( 5 )  

The Z\Ti,O, formed is then reduced according to reaction (3). Zn,Ti,O, has a defect spinel structure. I t  
is, thus, not surprising that abstraction of Zn atoms from Zn,TiO,, which is also a spinel, produces 
Zn,Ti,O,. In both Z2T and Z2T3, reactions occur by the reduction of different initial crystalline phases 
and intermediates. The fact that the initial reduction rate is the same for both sorbents implies that the 
reduction kjnetics are independent of the type of zinc titanate compound present. 

z2T was chosen for further studies of the reduction kinetics. Comparisons were made with ZnO. The 
reaction order with respect to H, concentration was determined at 7OOC in a mixture of H, and N, gases. 
For ZZT, the reaction order is unity. However, for ZnO, it is 0.5. In  Figure 3, an Arrhenius plot is 
shown using 10% %and 90% N,. In the temperature range of study (600-1OOOT), the reduction rate of 
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ZnO is greater than Z2T. The apparent activation energy for Z2T reduction is 37 kcal/mol, while for 
ZnO, it is 24 kcal/mol. The activation energy (E) was determined by the rate equation: 

(6)  r = k,, e-mT ( c , g  

The presence of H,O drastically changed the reduction kinetics of ZnO. The reaction order for ZnO 
changed from 0.5 with O%H,O-H,-N, to 1.0 in the presence of 3% %O-H,-N,. But, for Z2T, the 
reaction order was unaffected by the presence of 50. The reduction rate of ZnO decreased significantly 
when 50 was present in the reactant stream. Figure 4 shows an Arrhenius plot for 2110 reduction in the 
presence of various amounts of YO. A large change in reduction rate was observed when the amount of 
H,O was changed from 0% to 1%. With 3% %O, a much smaller drop in reduction rate took place 
compared to the change observed when the H,O content was increased from 0% to 1%. At 8% H,O, 
again only small changes in the reduction rate were observed. 

In contrast to the effect of H,O on ZnO reduction, a smaller decrease in reduction rate was observed for 
Z2T. In Figure 5 ,  the Arrhenius plot for Z2T reduction in the presence of various amounts of water 
vapor is presented. The activation energy changed from 37 kcal/mol in the absence of 30 to 44 kcaVmol 
in  the presence of 3% 50. In the presence of 8% H,O, as in the case of ZnO, only small additional 
changes in the reduction rate were observed. Figure 6 shows a comparison of the Arrhenius curves for 
ZnO and Z2T reduction in the presence of 3% water vapor. The activation energies (44 kcallmol) for 
both sorbents were the same. ZnO reduction rate was 2-3 times faster than Z2T. Also, the reaction orders 
of ZnO and Z2T were both unity. 

To explain the experimental data for both ZnO and Z2T reduction a lanetic model was developed. The 
inhibition of reduction by water vapor is presumably a result of competition by hydrogen and water 
vapor for active sites on the samples. This is in good agreement with an earlier study (8) carried out by 
Dent and Kokes who observed lower hydrogen adsorption on zinc oxide pre-adsorbed with H,O. To 
explain the inhibition pattern observed in the present study, a two-site model similar to one found in the 
literature (9) is postulated. Two types of sites (Type A and Type B) on ZnO are involved in hydrogen 
adsorption. Other researchers (e.g. 8, 10-13) have also observed the presence of two hydrogen 
adsorption sites on zinc oxide at low temperatures (25-2oo.C). One is known to adsorb hydrogen very 
rapidly but is also poisoned by &O. The other site involves initially fast hydrogen adsorption followed 
by much slower absorption and is apparently not affected by -0. For this study, Type A sites are 
postulated to be very reactive and responsible for most of the reduction on ZnO. However, Type A sites 
also appear to be easily poisoned by H,O. In the presence of %O, these sites are blocked and will not 
play a role in reduction. Type B sites are less reactive than Type A sites but are not as easily poisoned. 

With a Langmuir-Hinshelwood model, the rate expressions for reduction are written as: 

rA=kACJ( 1 + K A m ~ ~ i n + K A m ~ 4 & o ~ ~ ) ~  (7) 
rB=kBC,J( 1 +&H21n&IR+KBmIGCHaOlR)2 ( 8 )  

where K,,>>KA,. KBm,"X&ln<<l, and K,,<d<,,. The overall reaction rate is 

mA+rB (9) 

In the absence of YO, the reduction rate for ZnO is: 

'=rA=k,C,,J(I+KA,lG1n)z (10) 

~ B = k B C , , J K B ~ ' R C H p l n ) 2  (11) 

In the presence of H,O, it becomes: 
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With Z2T, it is postulated that there are very few Type A sites. The reaction rate is due mainly to Type 13 
sites.This is possible if similarities to the previous hydrogen adsorption studies (8,10-13) at low 
temperatures are drawn. The sites with rapid hydrogen adsorption are believed (10-11) to consist of 
clusters of adjacent Zn cations and at least one reactive 0 anion on a reconstucted polar face. If Ti cations 
are present in these sites, they may disrupt the interaction between ions necessary for active sites. It is 
not certain that similarities can be. drawn to the previous studies since hydrogen adsorption on zinc oxide 
was conducted at considerably lower temperatures (25-200C) than the temperatures (600-1WC) in 
this present work. However, several similar characteristics are present, such as high reactivity and 
poisoning by HzO. 

Figure 7 presents the results of sulfidation experiments with different compositions of ZnO-TiO,. The 
experiments were conducted with 2%%S-1%%-97%Nz at 7WC. Comparative reduction experiments 
are also depicted in Figure 7. Similar to the results observed for reduction, the initial rate of sulfidation 
does not appear to be affected by the type of zinc titanate compounds F;ri04 and ZnTiO,) or amount of 
TiO, (33-7395) present. The inital rate of sulfidation of ZnO is only about 1.5 times higher than zinc 
titanates. In contrast, the initial reduction rate of ZnO is about 10 times greater than that of zinc titanates. 

More detailed sflidation studies were conducted with Z2T and ZnO to determine kinetic parameters. The 
overall reactions considered are: 

ZnO + YS --> ZnS + KO 
Zn2Ti04 + 2H$ --> 2ZnS + TiOz + 3 0  

The reaction order with respect to hydrogen sulfide was unity for both ZnO and Z2T at 700.C. An 
Arrhenius plot for both sorbents is drawn in Figure 8. The activation energies for both sorbents are 
approximately the same (8-9 kcal/mol). Because of the similarity in reaction order and activation energy 
for ZnO and Z2T, the conclusion is made that sulfidation of Z2T (ZnzTiO,) proceeds by the same rate- 
controlling mechanism as ZnO. XRD analyses of partially sulfided (48 mole % converted) Z2T have 
identified a mixture of ZnzTiO, , ZnzTi30,, a-ZnS, and P-ZnS. Thus, the similarity in kinetic parameters 
is not due to decomposition of Zn,Ti04 to ZnO and TiOr The low activation energy is suggestive of 
chemisorption of %S being the rate-conmlling mechanism. 

In Figure 8, the effect of various amounts of Q in the reactant gases is also shown. Hydrogen is added 
to the reactant gases because it is a major component of coal derived-gases and also because it  can inhibit 
the decomposition of KS at these temperatures (500-700C).The amount of hydrogen was varied from 
0% to 10% H,S. No significant change in the initial rate was observed for both ZnO and Z2T. This 
indicates that Type A hydrogen adsorption sites are different from hydrogen sulfide adsorption sites on 
ZnO. If the two types of sites were the same, the Langmuir-Hinshelwood expression for sulfidation 
would be: 

~ k t & & J ( 1 + K ~ ~ & + K ~ ' ~ 9  (14) 

Since the reaction order with respect to %S is unity, K,,&<cl, while K,,l%ln is of order un i ty .  
Thus, increasing hydrogen concentration would decrease the sulfidation rate due to competitive 
adsorption of hydrogen. Since no change in rate was observed for ZnO sulfidation, it may be concluded 
that  hydrogen sulfide adsorption sites are not the same as hydrogen adsorption sites. This can also 
explain why zinc titanate materials have such low reduction rates, without a similar decrease in 
sulfidation rates. Zinc titanate materials lack the highly reactive sites ( Type A sites), which are crucial for 
reduction but not for sulfidation. 
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CONCLUSIONS 

This study has demonstrated the advantages of ZnO-TiO, sorbents. As little as 25 wt %of TiO, (present 
as a zinc titanate compound) will give the same decrease in reduction rate as significantly more TiO, (60 
wt%). In contrast to ZnO neat, a significantly lower reduction rate (approximately 10 times lower at 
7 W )  was observed in ZnO-TiO, materials in a K-N, reaction gas mixture. The presence of different 
zinc titanate compounds ( i s .  ZnzTi0.1, ZnTiq,  or ZnzTisOe) does not noticeably change the reduction 
rate. The presence of water vapor in the reactant gas will suongly inhibit ZnO reduction but will not have 
the same effect on ZnO-TiO, materials. ZnO reduction is only about 2-3 times faster than ZnO-XO, in the 
presence of H20. It is postulated that the difference in reduction rate is due to the existence of highly 
reactive sites on ZnO which are poisoned by q0. 
There is not a large difference in the initial rate of ZnO-TiO, sulfidation compared with ZnO sulfidation 
under identical reaction conditions. The initial sulfidation rate of ZnO is only about 1.5 times faster than 
for ZnO-TiO, sorbents. Because of similar kinetic parameters (i.e. activation energy and reaction order), 
similar suliidation mechanisms are believed to be involved for both ZnO and ZnO-Ti@. Again, no 
significant difference in sulfidation rate is observed with different zinc titanate compounds (Le. Zn2TiO4 
or ZnTiQ). 
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Table 1. Physical and Chemical Properties of Sorbentsa 

ZnO -- 2.4 1.2 100 0 0 0 0 
Z 9 P  911 1 .o NA 72 28 0 0 0 
Z3T 311 7.5 0.9 28 72 0 0 0 
W T  2/1 4.1 0.7 0 100 0 0 0 
z3T2 3R 2.2 0.7 0 82 18 0 0 
ZT 111 1.6 0.6 0 0 45 55 0 
UT3 m 1.3 0.3 0 0 83 0 17 

Figure 1. SEM micropph showing the macroporous structure of a ZnO sorbent prepared by the 
amorphous cimte technique with pore volume=1.2 cm3/g and surface area=2.4 mVg: 
sorbent cross-section shown. 
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Table 1. Physical and Chemical Ropemes of Sorbents& 

Sorbent surface pore Crystalline Phases 
Designation m i  are-a volume (wt a) 

(uankntio) (m2/g) (an’/g) ZnO &TI, ZnzTiyOC T i  

ZnO ___ 2.4 1.2 100 0 0 0 0 
z9Tb 911 1 .o NA 12 28 0 0 0 
Z3T 311 7.5 0.9 28 12 0 0 0 
W T  Y1 4.1 0.1 0 100 0 0 0 
z 3 n  3n 2.2 0.1 0 82 18 0 0 
ZT 111 1.6 0.6 0 0 45 55 0 
z2T3 m 1.3 0.3 0 0 83 0 17 

.calcined at 7 m .  b calcined at loow) 

Figure 1. SEM micrograph showing the macroporous smcture of a ZnO sorbent prepared by the 
amorphous citrate technique with pore volume=1.2 cm3/g and surface area=2.4 mz/g: 
sorbent cross-section shown. 
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Figure 4. Arrhenius plot of ZnO reduction with various amounts of H 20. 
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ABSTRACT 

Coal-derived fuel gases contain significant levels of sulfur and 
other contaminants. Full realization of the tremendous commercial 
potential of coal gas fueled power plants and related technologies 
awaits the development of an inexpensive and reliable method for the 
removal of these contaminants. A family of copper manganese oxide 
sorbents was identified as a high temperature regenerable sulfur 
sorbent in the METC process. These compounds have demonstrated many 
advantages over other sorbents currently being studied, and there is 
potential for further improvement. The objectives of the develop- 
ment program include the study of sorbent properties such as physi- 
cal characteristic, durability, temperature stability, life, rate of 
utilization, and development of design parameters. Copper manganese 
oxides provide excellent reactivity, high sulfur capacity, and 
complete chemical regenerability. 

INTRODUCTION 

For economically viable conversion of coal to electricity without 
significant loss of thermal energy, there is a need t p reduce sulfur 
from coal gas stream at high temperatures, 500-800°C. A capabi- 
lity for efficient removal of sulfur is essential for integration of 
coal gasifiers with synthesis gas catalytic conversion processes 
(methanol, methane, Fischer- Tropsch) and power plants such as gas 
turbine combined cycle and molten carbonate fuel cells. Over the 
past decade there have been extensive efforts by DOE/METC and’ its 
contractors to define a propriate high temperature regenerable 
desulfurizing agents, 21E3 since there are both technical and 
economic advantages for the desulfurization of coal gas fuel and 
fossil fuel flue gases by hot dry scrubbing. Successful sorbents 
should provide efficient desulfurization and regeneration kinetics, 
a reduction to H S of 1 ppm level, and physical and chemical 
stability in b o d  desulfurization and regeneration gas atmospheres 
at a temperature of 5OO0C and above. 

Mixed metal oxides are recent experimental high temperature sulfure 
sorbents. They provide some outstanding properties for hot regenera- 
tive desulfurization of coal gases. Although quite promising 
results have been obtained for hot desulfurization of coal gases 
with these sorbent systems, they have limitations. 

Zinc fer?~ite~-~ shows great potential and remains the sorbent of 
choice. Its sulfur capacity is relatively high and it is moderate 
in cost. The disadvantages are degradation due to thermal 
sinte ing, sulfate formation, and zinc volatilization. Copper zinc 
oxide‘-’ has been investigated as a very low level H2S sorbent. 
It was shown that copper in a mixed oxide state retains the 
thermodynamic properties of cuprous oxide and indeed reduced sulfur 
levels below 1 ppm at 65OoC. This was subsequently verified by 
several other METC supported projects.” Copper zinc oxide is 
expected to suffer from some of the same drawbacks as zinc ferrite. 
However, these led to many investigation of copper based mixed 
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oxides. 
candidate for high temperature desulfurization. Its rate of 
reaction wi h hydrogen sulfide is four times faster than that of 
zinc oxide.” Air regeneration, unfortunately, leads to sulfate 
formation. It appears that Cu20-MnO based sorbents Will eliminate 
many of the deficiencies. 

EXPERIMENTAL SECTION 

Manganese oxide has been reported to bflalgotential 

Reactor system and Experimental Procedures 

The reactor, used is an 18 inch long stainless steel tube with a 1 
inch I.D. quartz liner. The first 10 inches of the reactor are 
filled with an inert porcelain packing to promote the heating of the 
inlet gases. Sorbents are placed on a stainless steel mesh retainer 
directly above this section. The reactor is mounted vertically 
inside an electric furnace and equipped with two K-type thermocou- 
ples which can be moved along the central axis. N2, H2, CO, 
CO , and H S are individually metered through mass flow cont- 
roilers an8 the desired concentration of water vapor is attained by 
injecting water via a metering pump. 
sequence of alternate sulfidation and regeneration runs. The 
reactor temperature was held fixed in the range of 500-800°C for 
the duration of the experiments. Sulfided sorbents were regenerated 
with air and nitrogen at 500-750°C. T e space velocity of gas 
used was in the range of 1000-2000 hr-’ during sulfidation and 
600-800 hr-l during regeneration. 

Matheson-Kitaqawa precision gas detection tubes were used to deter- 
mine the concentrations of H 2 S ,  Co2, and SO in the inlet and 
effluent stream. x e ience siows that this technique 
is accurate and cost effective. Semi-quantitative methods 
were devised for the continuous monitoring of the effluent gas 
stream for H Z S  during desulfurization and SO2 during regeneration. 

sorbent Preparation 

Several methods for synthesif&nq6highly dispersed mixed oxides are 
described in the literature. The method selected for evalua- 
tion in this study is coprecipitation of inorganic salts. 
development of technique for the production of low-cost finished 
sorbent is a long term objective of the program. The copper-manga- 
nese oxides were coprecipitated from aqueous nitrate solution by the 
addition of NaOH. 
washed with distilled water to remove soluble residues. The 
recovered mixed hydrous oxides were dried in air at 100°C. 
Sorbents with copper to manganese weight ratios of 90:10, 8 0 : 2 0 ,  
75:25, 60:40, 54:46, 50:50, 40:60, 37:67, and 20:80, were prepared. 
Pure manganese oxide was also prepared by precipitation. 

Sulfidation and Regeneration Studies 

The experiments consisted of a 

Our previous 

The 

The precipitate was recovered by filtration and 

The H2S concentration in the effluent rises rapidly when the 
sorbent has reached its sulfur capacity. This abrupt change is 
called the breakthrough; the elution profile is called an uptake 
curve. In the absence of transport and kinetic limitations, the 
u take curve would be the step function y = yeq at t < t*, y = 
yg at t > t* where yeq and yo are the equilibrium and inlet 
mole fractions of hydrogen sulfide, respectively, and t* is the 
theoretical time corresponding to complete sulfidation of the active 
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sorbent components. The results are presented in terms of the 
concentration of H I S  in the product gas versus the normalized time 
t/t*. In the case of successive sulfidations, the uptake curve 
Cycles are denoted 1, 2, etc. Regeneration was carried out in air 
at 65OoC, and an overnight N2 purge at 75OoC followed. 

Results and Discussion 

Sulfur loadings at 20 ppm and 100 ppm concentration in exit gas' 
stream were estimated from the weight of sorbent, gas feed rate, and 
time to breakthrough. Figure 1 summarizes the effect of manganese 
content in the Cu#n 0, system on the sulfur loading of the 
resulting sorbent. 
oxide is very poor. Incorporation of manganese oxide dramatically 
increases the sulfur loading ca acity; this is attributed by the 
stabilization of cuprous oxide.' 
sulfur capacity but lacks regenerability. Of interest is the 
decrease in suigur capacity at the CuMn02 phase and a minimum at 
CuMn204 phase. 

Figure 2 shows the breakthrough curve of six sulfidation cycles of 
the sorbent with a copper to manganese atomic ratio of 1:l. The 
sulfur loading after the first cycle (19 weight percent a 20 ppm 
breakthrough) was in agreement with our previous re~u1ts.I~ The 
constant H2S leakage rate of less than 30 ppm in the effluent was 
observed in subsequent cycles. 

A single sulfidation test of freshly prepared sorbent CuMn02 was 
carried out in the 1 inch dia. reactor at 550, 60p, 650, 700, 750, 
and 80OoC. A constant space velocity of 2000 hr- , and 
simulated fuel gas mixture (feed gas) consisting of on dry basis 47% 
N2, 27% H 2 ,  15% COz, 10% CO and 1% H2S was used. Sorbent 
loadings are presented in figure 3. It is clear that use of the 
CuMnO sorbent at l o w  temperatures (550-600°C) gives longer 
breakghrough times than at higher temperatures. Sulfur loadings of 
the CuMn02 sorbent at 55OoC was 28% at 2 0  ppm breakthrough 
decreasing loadings at higher temperatures, to 1.6% at 8OO6C. 
H2S leakage rate of less than 20 ppm was obtained only for a short 
period of time (i.e. high loadings on the sorbent) only at 
temperatures of 65OoC and below, but leakage rates below 50 ppm 
were obtained over extended temperature range. 

The primary conclusion from these tests is that a copper-manganese 
oxide sorbent with a Cu to Mn 1:1 atomic ratio will perform best at 
relatively low temperatures, preferably in the range of 550-600°C. 

Figure 4 presents the results of copper-manganese oxide sorbent with 
a Cu to Mn 1:2 atomic ratio. The test conditions for the sulfida- 
tion cycles were same as mentioned above. 
low, and short breakthrough times were observed for the tests 
performed at 550 and 60OoC. The sulfur loadings improved as the 
sulfidation temperature increased. In all cases the breakthrough 
time for less than 40 ppm H2S exit concentration were relatively 
short. A sulfur loading of 24% was observed at 50 ppm and 75ooC. 
The sulfidation test at 8OO0C showed a sulfur capacity reduced by 
half at 50 ppm breakthrough. The primary conclusion from tests is 
that a sorbent riches in manganese content performs better at relati- 
vely higher temperatures preferably in the range of 700-750°C, 
than sorbents with lower manganese content. 

x s  expected, the performance of pure copper 

Pure manganese oxide has a high 

with 
An 

The sulfur loadings were 
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The results presented in figures 3 and 4 show that in both cases the 
sulfur loading decreased drastically at 800°C. 
suggest that it would be more advantageous to operate both 
sulfidation and regeneration cycles below 8OO0C to increase 
loadings and decrease loss of activity due to sintering or other 
processes that result in loss of mechanical integrity. 

Additional sulfidation tests of a sorbent with copper to manganese 
stoichiometric ratio o 1:l were carried out at 65OoC and 
spacevelocity 2000 hr-', with various inlet H2S concentrations, 
ranging from 500 ppm to 1 %. Sorbent loadings under these 
conditions are shown as figure 5. The sulfur capacity was highest 
at 500 and 1000 ppm and decreased at 5000 ppm and 1% inlet H2S 
concentrations. Duplicate test with 5000 ppm showed the same 
breakthrough time. The reason for the relatively low sulfur 
capacity at higher inlet H2S concentrations is not clear. 
the sulfur loadings reported here are for relatively low H2S exit 
concentrations (20-100 ppm) the sulfur loadings are not associated 
with equilibrium values. With high inlet H S concentrations a 
small amount of channeling through the reaczor bed would explain the 
apparently anomalous behavior. 

Figure 6 shows sulfur loadings of sulfidation tests of fresh sorbent 
copper manganese oxide with a Cu to Mn stoichiometric ratio of 1:l 
at various inlet water concentrations ranging from 0 to 30%. The 
sulfur capacity decreases with an increase in the water content of 
feed gas. The mixed metal oxides reacts with H 2 S  producing metal 
sulfides and water. As the partial pressure of water increases in 
the feed gas, the reaction becomes more equilibrium limited, 
resulting in higher H2S leakage in the effluent. 

The CuMnO sorbent prepared in 1/16" pellet form by the 
coprecipization method was sulfided at 65OoC for about 10 hours in 
the presence of a simulated coal gas mixture containing N2 47.07%, 
H2 27.38, C02 14.3%, CO 10.4%, and H2S 0.93%. The sulfided 
sample was cooled to room temperature under N2 and small portions 
of the sulfided sample were regenerated individually in air at 
various temperatures in the range of 650-950°C. 
regenerated by thermal decomposition in a mixture of N2 and steam 
at 85OoC. 

The sulfided sample of copper manganese oxide sorbent regenerated in 
air at 650 and 700°Cshowed a spinel phase. The samples 
regenerated at 750, 850 and 95OoC showed mixed phases containing 
both CuO and spinel. The sample regenerated by thermal 
decomposition at 850° showed a mixture of MnO, Cu metal and trace 
amount of spinel. 
conditions showed any sulfate formation. 

Another set of experiments was carried out using pure, single phase 
CuMn02. 
grade Cu20 and Mn203 mixed in a 1:l ratio and pelletized. 
single tablet of pure CuMnOZ was sulfided at 65OoC for 2 hours. 
A half tablet from the sulflded sample was regenerated at 
650/750°C in air/N . These samples were analyzed by XRD. The 
surface of the sulgided sample showed mostly MnSl-xOx, whereas 
the regenerated sample showed strong CuO. The presence of the 
MnS1-xOx phase indicates that sorption proceeds through a more 
complex mechanism than would be inferred from a simple description 
of the stoichiometry of the overall reaction. 

These results 

Since 

Samples were also 

These samples were analyzed by XRD. 

None of the samples regenerated at the above 

The sample was prepared from low surface area technical 
A 
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Conclusion 

Copper and manganese form stable oxide phases, that are easily 
sulfided and regenerated back to CuMn02 and CuMn204. 
results were verified by desulfurization/regeneration studies as 
well as chemical and XRD analysis of fresh, sulfided, and 
regenerated sorbents. Very advantageously, copper manganese sulfate 
exists only as a hydrated material, campigliaite, which is so 
unstable that it def8"gsed under the electron beam during 
microprobe studies. Unlike those of zinc, copper and 
manganese compounds are stable and do not volatilize at temperatures 
of interest. 

Sorbents with Cu to Mn 1:2 atomic ratio have the highest sulfur 
capacity at higher temperature, while the sorbent with Cu to Mn 1:l 
atomic ratio have the highest sulfur capacity at lower temperature. 
Loading capacity is influenced by water content, as expected, but 
the results are not too sensitive to water content in the 20-30% 
H ~ O  range at 65OoC. 

We have demonstrated that copper manganese oxides are attractive 
candidates for high temperature regenerable sulfur sorbents. The 
absence of sulfate formation, very low thermal sintering below 
65OoC, provide incentive to pursue further development of this 
process. 
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ABSTRACT 

In '&xaco's coal Gasification process, a significant portion of desulfurization 
of the product gas (synthesis gas, "syrqas~~) may be achiwed by slag capture in 
the gasification step when various sorfxnts are added to the coal slurry. For 
-le, when iron oxide is added to the coal slurry, sulfur is captured 
primarily in a discrete iron oxysulfide @rise and to a lesser depx in the 
glassy silicates phase. mid- confirming the success of the sorbents 
approach was ga- thnxqh high-tenperam, high-pressure bench scale 
microreactor exprmts as well as those with a pilot unit gasifier at Te.xaco's 
Montebello, CA research facility. nE roles of optical and scanning electron 

appmximte phase quantitation are presented. 
micrQswpy (sm) in diyeming an3 analyzing the phases and obtaining 

INTRODUCTION 

One of the most promising approaches for utilizing coal in an 
environmentally safe manner that has been recently demonstrated 
is the generation of electric power via partial oxidation of coal 
in an integrated gasification-combined cycle (IGCC) plant. To 
minimize emission of sulfur compounds, these processes typically 
separate the reaction step (when coal is converted to raw syngas 
under reducing conditions at high temperatures) from the acid gas 
removal step (where physical solvents are generally used to scrub 
hydrogen sulfide and carbonyl sulfide from the crude syngas). 
Currently, this approach requires cooling of the hot syngas to 
the low temperatures commonly needed for physical solvents and 
subsequent reheating of this cleaned syngas prior to its 
introduction into the gas turbine. Consequently, these heating 
and cooling cycles require significant capital investments as 
well as operating costs. 

A potentially more efficient alternative is to combine coal 
gasification with the sulfur removal step in the same reaction 
vessel. However, the solubility of sulfur in coal slags is quite 
low (typically between 0.01 and 0.05 weight percent). One 
possible approach to enhance sulfur solubility in coal slags is 
the addition of sulfur-capturing sorbents along with the coal 
feed to the gasifier. The ideal sorbent should be an inexpensive 
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additive that chemically reacts with the sulfur compounds in the 
gas phase (primarily hydrogen sulfide with smaller amounts of 
carbonyl sulfide) to form a disposable sulfide or oxysulfide that 
is encapsulated into the resultant slag, but this additive should 
not cause any complications for slag removal from the gasifier. 

Although iron-based compounds have been employed as sorbents, 
most studies have been done at the lower temperatures encountered 
in a fluidized bed combustion or an oxter~al desulfurization 
process. In-situ desulfurization has not yet been demonstrated 
on a commercial scale with any gasification process. 

To rapidly screen iron oxide as a sorbent for sulfur capture 
prior to its being tested in the pilot gasificatjio? unit, tests 
were performed in an experimental bench scale unit ’ to estimate 
the solubility of sulfur in a given coal slag with and without 
added iron as a solvent. Typical experimental SEM/EDX 
microanalysis data from bench-scale drop tube furnace runs with 
coal slag using iron oxide as an additive under simulated Texaco 
coal gasifier syngas compositions are presented for comparison 
with SEM/EDX data on slags generated from the pilot gasifier 
unit. 

EXPERIMENTAL 

SLAG SAMPLES PREPARATION 

The solidified slag droplets from the drop tube furnace runs and 
the gasifier slag particles were prepared for polarized light 
microscopy studies and SEM/EDX microanalysis by encapsulating 
them in epoxy binder and polishing the 1-inch dia. specimen to 
reveal the typical particle cross sections for analysis. For 
SEM/ EDX microanalysis the polished specimens were affixed to SEM 
mounts and carbon coated to render the surface conductive, 
thereby minimizing charge buildup by the electron beam. 

SCANNING ELECTRON MICROSCOPE 

Amray 1645 SEM equipped with: 1) lanthanum hexaboride (LaB6) 
electron emitter source, 2 )  imaging detectors for secondary as 
well as backscattered electrons and 3) interfaced with the EDX 
X-ray equipment for normalized elemental analysis for sodium 
(Z=ll) and elements of higher atomic number, element mapping and 
digital image acquisition. The analysis regime used 2 0  Kv 
acceleration voltage, as well as a working distance of 24 or 35mm 
and zero tilt for the specimen. 

ENERGY DISPERSIVE X-RAY ANALYSIS SYSTEM 

Tracor Northern TN-5500 EDX Microanalysis System equipped with a 
Si(Li) semiconductor detector, LSI 11/73 CPU with 3 MByte working 
memory and 30 MByte mass storage capacity to record and process 
multielement spectra, acquire and store digital element 
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distribution maps and digital images. Following element mapping 
performed for as many as 14 elements simultaneously, the XPHASE 
routine was used to obtain 4-element correlations (16 
combinations) pertinent to estimating phase areas. For more 
recent samples, an upgrade to the system also permitted 
estimation of the oxysulfide phase by using the distribution of 
contrast levels (0-255) in the 512 x 512 pixel image (Figure 4 ) .  

The EDX spectra leading to numerical elemental analyses were 
obtained by electron beam excitation of specific phases. 
Features of size 10 uM or less were generally analyzed at 5000x 
and minimum partial field or in spot mode to obtain spectra from 
a small region of approx. 2 uM dia. The spectra stored to disk 
were processed to numerical results using EDX standardless 
software routines and ZAF interelement correction procedures. 
Polished mineral standards purchased from Biorad Polaron were 
used to estimate element biases in the normalized results. For 
this report, silicon results were approximately 10 percent high 
(relative) when measured with aluminosilicates. Iron disulfide 
proved to be 0 . 7  percent high in sulfur and 8 percent low for 
iron as suggested by the spectra typical of Figure 2. 

RESULTS OVERVIEW 

SEM/EDX microanalysis techniques have contributed considerably to 
evaluating the success of both the bench scale desulfurization 
experiments and the pilot unit gasifier runs. 

In the bench-scale drop furnace equilibrium type experiments the 
slag product available for analysis was limited to about 100 mg. 
In spite of this constraint, the high magnification/analysis 
capability allowed intimate insight into the manner in which the 
sulfur containing gases combined with the sorbent-slag melt to 
form the expected iron oxysulfides. In this connection the EDX 
standardless analysis methods were sufficient to give reasonable 
confirmation that the slag capture product was one in which the 
Fe/S atom ratio was close to unity (Figures 1, 2). This 
capability also documented the occasional reduction of the iron 
oxide to metallic iron where gas partial pressures and 
temperature conditions favored it (Figure 1 and Table I). 

When applied to slag materials from pilot unit gasifier runs, the 
SEM/EDX microanalysis technique was able to document that sulfur 
capture takes place not only in the sulfide phase but also in the 
silicates phase as may be seen from the Table I comparison of 
gasifier experiments with and without sorbent on both medium- 
sulfur and high-sulfur coals. Although not documented here, SEM 
microanalysis methods are also useful for: 1) identifying phases 
that inhibit slag flow, 2) judging the amount of sorbent to be 
added to the coal prior to gasification, and 3 )  evaluating 
gasifier parameters such as temperature and slag droplet 
residence time. 
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Even without detailed microanalysis,, the simple low magnification 
backscattered electron detector image of coal slag particle 
arrays immediately informs the viewer on the extent of sulfur 
capture. Without the use of the iron oxide sorbent only 
occasional miniscule iron sulfide phases are observed. When 
sorbent is used the iron oxysulfide phase is very visible during 
SEM exploration of the sample as well as in the BSED images (Fig. 
3). Multielement mapping correlations and stored image analysis 
(Figure 4 and Table I) give numerical expression to the estimate 
of sulfur capture. Our recent upgrade that allows stored image 
analysis also permits analysis of up to 100 operator selected 
points per study field: this gives us the potential to determine 
particle-to-particle variations in both the silicate and iron 
oxysulfide phases. Post-SEM evaluations of the analysis files 
easily allow grouping and averaging of the results for a given 
phase. 
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TABLE I. 

-- COAL SLAG CHARACTERIZATION -- 
USING SEM/EDX MICROANALYSIS 

I(EyELWmTs 
' sw BY EDX (rn) 

-=E!!!!E!codLp&a9g- SI 9 FE 

Drop Tube Iron YIad 9 Metallio Fe 0.6 0.2 97.9 
Rvna0e Sillcate 47.7 0.4 6.0 
9 6 0 0 ~  Orysulflde 1.6 30.7 62.6 

Gasifier None Mad 9 Silicate 39.1 0.4 26.4 
88-mL-67 Oxysulfide 1.7 26.7 66.6 

Gasifier Iron YIad 9 Slllcate 16.7 4.4 66.6 
-70 Oxide Orysulflde 3.2 16.4 76.2 

Caslfier None El@ Sllloate 37.6 0.9 32.3 
6e-mL-66 Oxysulflde 0.4 3K.6 60.9 

Gasliler Iron HlgbS Silicate 24.6 3.6 61.6 
6-3 Oxide Orysulfide 0.6 27.2 66.9 

KEYWTOR WBSE 
(ATIX)RATIO AREA(% 

12 
Fe/SI 0.17 67 
Pe/S (1.17) 21 

- -  

Fe/S1 0.73 Major 
Fe/S (1.42) Trace 

h / S i  4.17 Major 
Fe/S (2.63) BIMInor 

Fe/S1 0.66 96.7 
Fe/S (0.96) 1.3 

Fe/Si 2.11 69.6 
re/s (1.4s) 30.1 
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FIGURE 1 
DROP TUBE FURNACE SLAG 



FIGURE 2 
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FIGURE 3 
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FIGURE 4. 

PHASE QUANTITATION BY STORED IMAGE ANALYSIS 
USING SEGMENTED CONTRAST 
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INTRODUCTION 

Integrated gas i f i ca t ion  combined cycle (IGCC) system i s  one of t he  most 
promising power systems fo r  producing e l e c t r i c a l  energy from coal due t o  the 
noticeable improvement i n  thermal eff ic iency t h a t  it can provide. This advanced 
power generating system involves the d i r ec t  contact of hot coal-derived gases with 
turbine blades.  In  order t o  protect  the turbines  and related equipment from 
corrosion and abrasion, it i s  necessary t o  clean the  coal gas. Economical a s  well 
as  environmental requirements fo r  advanced power generating systems mandate the 
high-temperature removal of corrosive and abrasive compounds from coal gases such 
as  sulfur and ni t rogen containing compounds, t r ace  metals, a l k a l i ,  residual 
hydrocarbons, and pa r t i cu la t e s .  Sulfur-containing compounds account, fo r  most of 
the acidic species formed during coal gasif icat ion.  Hydrogen sulf ide,  which is 
the  most abundant sulfur-containing compound i n  coal gas, can react readi ly  with 
the oxides of a l k a l i  e a r t h  and t r ans i t i on  metals (1). 

Westmoreland, e t  a l .  (2) reported t h e  r e su l t s  of a thermodynamic screening of 
the high temperature desulfur izat ion po ten t i a l  of 28 s ingle  metal oxides by using 
the free  energy minimization method. Also, kinet ic  l imi t s  for  ZnO, MnO, CaO, and 
V,O, were reported by Westmoreland, e t  a l . ( 3 )  fo r  desulfur izat ion reactions.  ZnO 
showed a very favorable thermodynamic equilibrium with H,S ( 4 )  and iron oxide 
showed easy regenerabi l i ty  with a i r .  Results regarding s t ruc tu ra l  changes i n  the 
pure ZnO sorbent a t  high temperatures were reported by Ranade and Harrison ( 5 ) .  
They showed t h a t  s i n t e r i n g  actual ly  causes the  pa r t i c l e  t o  shrink radial ly ,  thus 
for  the same number of pa r t i c l e s  t h e  surface area avai lable  fo r  reaction is 
smaller. Also, zinc metal produced by reduction of ZnO i n  coal-gas vo la t i l i ze s  
above 1290°F (699°C). 

Favorable propert ies  of zinc oxide and i ron oxide towards absorbing H,S were 
combined a t  t h e  in-house research program of Department of Energy's Morgantown 
Energy Technology Center.  The combined metal oxide sorbent, zinc f e r r i t e ,  was 
shown to reduce H,S l eve l s  i n  gas i f i e r  gases t o  l e s s  than 1 0  ppmv ( 6 ) .  However, 
zinc f e r r i t e  has a temperature l imitat ion.  The maximum operating temperature for 
zinc f e r r i t e  i s  about 1200°F (649" C ) .  Focht, e t  a l .  ( 7 )  showed t h a t  t he  sorbent 
l o s t  its pore volume during reduction, and subsequent loss of r eac t iv i ty  was 
observed during su l f ida t ion .  The sorbent a l so  showed a substant ia l  amount of 
decrepi ta t ion above 1200°F (649°C) . 

Improvements i n  the  o r ig ina l  formulation have been attempted i n  an e f f o r t  to 
Overcome the l imi t a t ions  of zinc f e r r i t e .  An inorganic binder,  bentonite, was 
added to zinc f e r r i t e .  Thus, a sorbent with comparable r eac t iv i ty  and capacity to 
the o r ig ina l  sorbent,  but with a higher temperature limit than the o r ig ina l  zinc 
f e r r i t e  was obtained. This sorbent can withstand temperatures up t o  1275'F 
(691"C), which i s  not very sa t i s f ac to ry  fo r  high temperature f luidized and 
entrained bed g a s i f i e r s .  

The need fo r  developing a sorbent having b e t t e r  propert ies  (du rab i l i t y  and 
r eac t iv i ty )  than t h e  o r ig ina l  or modified zinc f e r r i t e  led researchers t o  t r y  
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other metal oxides. Various combination of metal oxides, such as  Zn, Cu, A l ,  T i ,  
Fe, Co, Mo, and V were t r i e d  a t  Massachusetts I n s t i t u t e  of Technology (MIT) and 
Je t  Propulsion Laboratory ( JPL)  i n  an e f f o r t  t o  develop a durable and high 
capacity sorbent for  removal of H,S from hot coal-derived gases ( 8 ) .  Basically,  
the sorbents t e s t ed  were divided i n t o  two groups: 
Copper-based sorbents.  Zinc-based sorbents included zinc f e r r i t e  (ZF), zinc- 
copper f e r r i t e  ( Z C F ) ,  and zinc t i t a n a t e  ( Z T ) .  Copper-based sorbents included 
copper aluminate (CA) and copper-iron aluminate (CFA) . Research r e s u l t s  (8) 
showed that  zinc-based sorbents were more promising than copper-based sorbents i n  
the  temperature range of 1000" - 1350" F (538" - 732°C). One of t h e  most promising 
sorbents among t h e  zinc-based sorbents was zinc t i t a n a t e  (maximum operating 
temperature of 1340'F (727°C)). It was found t h a t  t he  TiO, phase helps t o  s t a b i l i z e  
the ZnO phase, and vo la t i l i za t ion  of Zn a t  temperatures higher than 1290°F (699°C) 
has been reduced (about 1 w t  % Zn i s  l o s t  i n  1000 hours of operat ion) .  However, 
TiO, does not absorb 4 s  e f fec t ive ly .  Therefore, t he  capacity of zinc t i t a n a t e  is 
lower than t h a t  of zinc f e r r i t e  due t o  d i lu t ion  e f f ec t .  

Extrudates of regenerable mixed metal oxide sorbents (copper-modif ied zinc 
f e r r i t e ,  zinc t i t a n a t e ,  copper aluminate and copper-iron aluminate were t e s t ed  i n  
a high temperature-high pressure (HTHP) f ixed bed reactor  by Research Triangle 
I n s t i t u t e  (RTI) ( 9 ) .  Reductions i n  H,S concentration frem >10,000 ppmv t o  < 1 t o  
50 ppmv were achieved. The copper-modified zinc f e r r i t e  sorbent reduced t h e  H,S 
concentration t o  l e s s  than 1 ppmv a t  up t o  1100°F (593°C) with 20 % steam i n  the  
gas. The zinc f e r r i t e  sorbent was a l s o  t e s t ed  i n  the  same reactor .  Zinc t i t a n a t e  
outperformed the other mixed metal oxide sorbents i n  s t ruc tu ra l  s t rength and 
capacity a t  steam levels  as  low a s  5 % and temperatures a s  high a s  1350°F (732°C). 
However, entrained and f luidized bed gas i f i e r s  which a re  present ly  being developed 
have out le t  temperatures as  high a s  1500°F (816°C) t o  1800°F (982°C). Furthermore, 
fo r  continuous desulfur izat ion of a f u l l  s ca l e  gas i f i ca t ion  stream, a f luidized 
bed sorbent system instead of a fixed bed would improve t h e  process eff ic iency 
considerably by providing a means for  continuous sol ids  regeneration. Zinc 
f e r r i t e  s in t e r s  a t  temperatures higher than 1200°F (649°C). It does not have 
su f f i c i en t  a t t r i t i o n  resis tance t o  withstand a f luidized bed environment. Zinc 
t i t a n a t e  can withstand temperatures up t o  1350°F (732"C), and has medium strength,  
but the u t i l i z a t i o n  i s  low, i . e .  35 - 45 %. Therefore, novel sorbents a re  s t i l l  
being sought which w i l l  show improved resis tance t o  higher temperatures and 
a t t r i t i o n .  Recently, copper manganate sorbents (bulk) a r e  under study by 
Electrochem Inc.  ( 1 0 ) .  

The objective of t h i s  research i s  t o  develop a novel regenerable sorbent which 
w i l l  show improved resis tance t o  higher temperatures and a t t r i t i o n .  The potent ia l  
advantages of supported sorbents,  a s  compared t o  bulk sorbents,  a r e  higher surface 
area,  l e s s  res is tance for  diffusional  t ransport ,  and higher temperature and 
a t t r i t i o n  resis tance.  The sorbent invest igated i n  t h i s  study i s  copper and 
manganese oxides supported on SP-115 zeol i te .  Results of su l f ida t ion  and 
regeneration experiments conducted using a simulated coal gas mixture a t  ' 
temperatures of 1000" - 1600°F (538" - 871°C) w i l l  be reported.' 

EXPERIMENTAL SECTION 

Sorbent Preparation 

1. Zinc-based sorbents,  2. 

\ 

The sorbents investigated i n  t h i s  study were prepared by a coprecipi ta t ion 
process. SP-115 zeo l i t e  (1/8" extrudates,  Union Carbide) was used as  t h e  support. 
SP-115 had the  following cha rac t e r i s t i c s  : SiO, > 99 % by weight, surface area = 
482 mz/g , crush s t rength = 6.6 kg/cm, pore diameter = 5.4 A". The coprecipi ta t ion 
process included : 1) Impregnation of the zeo l i t e  with a solut ion of cupric 
acetate  and manganese acetate  i n  a rotary vacuum evaporator, 2 )  Dehydration of t h e  
sorbent i n  a vacuum oven a t  158°F (70°C) and 0 . 1  inch Hg, 3) Calcination of t h e  
sorbent i n  a muffle furnace a t  1382°F (750°C) fo r  7 hours. Three samples were 
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prepared with t h i s  process (SPlCSM5, SP2C5M5, and SP2C9M1). The atomic absorption 
spectrophotometer ana lys i s  showed t h a t  Cu and Mn loadings on t h e  sorbent SPlC5M5 
were 1.82 % and 1.64 % by weight, respectively.  SP2C5M5 had 4.39 % by w t .  Cu and 
6.11 % by w t .  Mn. The corresponding values fo r  SP2C9M1 were 5.15 % and 5.73 % by 
weight, respec t ive ly .  

Experimental 

The uncertainty i n  t h e  atomic absorption ana lys i s  i s  +1%. 

A schematic diagram of the  experimental system i s  shown i n  Figure 1. The 
system consisted of a gas mixing system, a fixed bed reactor,  a condenser and a 
water knock-out po t ,  a gas sampling system, and a ta i l -gas  cleanup System. Gases 
were supplied from gas cylinders and the  flow rates were monitored through mass 
flow cont ro l le rs .  After t he  gases were mixed i n  a manifold, they were fed in to  
the  fixed bed reac tor .  This gas mixture simulated the p a r t i a l l y  quenched ex i t  gas 
of an air-blown KRW f lu id ized  bed coa l  g a s i f i e r  which had the  following molar 
composition: 42.5 % N:, 11 % CO,, 12 .5  % CO, 13 .8  % H,, 1 % CH,, and 0.2 % H,S. 
19 % &O i n  t he  gas mixture was provided by adding a predetermined amount of water 
i n t o  the gas stream before it entered the  reactor v i a  a high pressure pump. 

The reactor which consisted of a zirconia tube , with 0.875-inch inside 
diameter and 12-inch length,  was placed ve r t i ca l ly  i n  an e l e c t r i c  furnace equipped 
with graphite heating elements. The furnace was water cooled. The graphite 
heating elements were loca ted  i n  a helium atmosphere t o  protect them from 
oxidation. The temperatures of t he  gas a t  t he  i n l e t  and t h e  center of t he  reactor 
were measured by K-type thermocouples located along the cen t r a l  ax is .  The  reactor 
was designed t o  withstand a pressure of 15 ps ig  and a temperature of 3000°F 
(1649°C). The sorbent sample was placed i n  t h e  center of the  reac tor  and the  bed 
height was 2 inches.  The gas l i nes  between the  reactor ou t l e t  and the  condenser 
i n l e t  were heated v i a  heating tapes and heavily insu la ted  t o  prevent the 
condensation of steam i n  the  gas l i nes .  The e x i t  gas from t h e  reactor was 
f i l t e r ed ,  cooled down i n  the  condenser, and sampled fo r  gas analysis.  The t a i l  
gas was sen t  through the  absorbers t o  remove the  sulfurous gases before i t  was 
discharged t o  the  atmosphere. 

The experiments consisted of a sequence of su l f ida t ion  and regeneration runs. 
The reactor temperature was held constant during t h e  su l f ida t ion  and regeneration 
experiments. Reactor pressure was maintained a t  5 f 3 psig.  Three temperatures 
were tes ted :  1000, 1250, and 1600" F (538", 677", and 871°C). The space ve loc i t ies  
fo r  the su l f ida t ion  and t h e  regeneration runs were 2000 and 600 hr-', respectively.  
Regeneration of t h e  su l f ided  sorbent was conducted with a i r  only and with a 50 8 
a i r /50  % steam mixture. Breakthrough during su l f ida t ion  runs was defined a s  200 
ppmv &S i n  the e f f luen t  gas. After t he  su l f ida t ion  run was stopped, the  reactor 
was purged with nitrogen f o r  a t  least 15 minutes. Regeneration was car r ied  out a t  
t h e  reaction temperature. The regeneration cycle was stopped when the  SOz 
concentration of t h e  e f f luen t  gas was below 500 ppmv. The sorbents were subjected 
t o  f ive  sulfidation/regeneration cycles t o  e s t ab l i sh  s u l f u r  sorption capacity and 
regenerabi l i ty .  

Selected sorbent samples were analyzed fo r  t o t a l  weight, metal and sulfur 
content, crush s t rength ,  sur face  area,average pore diameter, pore volume, and pore 
size d is t r ibu t ion  both before and a f t e r  reaction. Gas grab samples obtained 
during experimentation were analyzed by gas chromatography. A l s o  Gas-tech 
precision gas de tec t ion  tubes were used t o  determine t h e  H,S and SO, concentrations 
i n  the  i n l e t  and o u t l e t  gas streams. 

RESULTS AND DISCUSSION 

The effect of temperature on sorbent capacity i s  shown i n  Figure 2.  The H$ 
breakthrough curves ind ica te  t h a t  t h e  breakthrough times were 37, 45, and 45 
minutes a t  1000°F (538"C), 1250°F (677'C), and 1600°F (871"C), respectively.  The 
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sorbent has grea te r  capacity a t  1250°F (677°C) and 1600°F (871'C) than a t  1000°F 
(538°C). However, t he  prebreakthrough H,S l eve ls  are lower a t  1000°F (538°C) and 
1250°F (677°C) than a t  1600°F (871°C). Although the  prebreakthrough H,S l eve l  i s  
lower a t  1000°F (538"C), t he  sorbent has more t o t a l  capacity at the  higher 
temperatures. 

Two runs were conducted a t  1250°F (677°C) with d i f f e ren t  samples from t h e  same 
batch of SPlC5M5 sorbent,  t o  e s t ab l i sh  t h e  extent of reproducib i l i ty  of the  
experimental method. Twelve de tec tor  tube readings of $S were taken, 5 min apart ,  
fo r  each run. The average difference between readings fo r  the  two runs was 30 
ppmv. Thus, the  experimental method appears t o  be reasonably reproducible. 

Sorbent regenerabili ty was t e s t ed  at 1250°F (677'C). Two and one-half cycles 
were conducted with only a i r  as t he  regenerant gas, and f i v e  cycles were studied 
using a 50 mole % steam/50 mole % a i r  mixture fo r  regeneration. Two c r i t e r ion  
were used t o  assess the  regenerabi l i ty  of t h e  sorbent: (1) a comparison of the  
H,S breakthrough curves, and ( 2 )  a comparison of t he  SO, ou t l e t  curves during the  
su l f ida t ions .  

When the  sorbent was regenerated with a i r ,  the  second and t h i r d  su l f ida t ion  
breakthrough curves were somewhat s imi la r .  However, the  prebreakthrough average 
H,S out le t  concentration was approximately 50 ppmv less f o r  t h e  t h i r d  su l f ida t ion  
than for the  second su l f ida t ion .  Figure 3 shows the  H,S breakthrough curves a f t e r  
the  sorbent was regenerated with steam/air .  The curve fo r  t he  f i r s t  su l f ida t ion  
was not shown, a s  t h e  reac tor  bypass was acc identa l ly  l e f t  open during the  run. 
The th i rd  through s ix th  su l f ida t ions ,  conducted with steam/air  regeneration, gave 
s imi la r  breakthrough curves. Thus, t h e  steam/air regeneration appears t o  give 
be t t e r  regenerabili ty than a i r  regeneration. 

Outlet SO, concentrations were compared fo r  t h e  second and t h i r d  su l f ida t ions  
(set  I) using a i r  regeneration, with the  second, t h i rd ,  and four th  su l f ida t ions  
(set  11) using steam/air  regeneration. After 15 min on-stream, set I showed 
out le t  SO, concentrations between 500 and 600 ppmv. After t h e  same period, set I1 
yielded SO, concentrations ranging between 30 and 450 ppmv. These r e s u l t s  indicate 
t h a t  more su l f a t e  was formed during a i r  regeneration than during steam/air 
regeneration. This i s  not unexpected, s ince  the  presence of steam reduces the  
overall  oxidative proper t ies  of t h e  regenerant stream. In  general, i f  SO, i s  
released i n  la rge  quant i t ies  when reducing gases a r e  introduced a f t e r  oxidative 
regeneration, t h i s  indicates t h a t  su l f a t e s  have been formed during the  
regeneration. The re lease  of such sulfurous gases must be avoided during 
su l f ida t ion .  It  has been suggested i n  s tud ies  on zinc f e r r i t e  t h a t  a clean 
reducing gas could be used for reductive regeneration of t he  sorbent a f t e r  
oxidative regeneration, and pr ior  t o  su l f ida t ion .  However, t h e  economics fo r  
carrying out a reductive regeneration s t ep  a r e  poor, due t o  the  cap i t a l  cost of 
additional vessels and t h e  introduction of complications i n t o  t h e  overa l l  
operation of the  system (11). 

Although no carbonyl su l f ide  was fed t o  the  reac tor  i n  the  simulated gas 
mixture, appreciable concentrations were detected i n  the  ou t l e t  gas during 
su l f ida t ion .  The COS concentration was usually grea te r  than 50 ppmv, and often as 
high as  100-250 ppmv in  the  out le t  gas. It i s  well known tha t  ce r t a in  zeolites 
can catalyze the  COS formation reac t ions .  CO and CO, can react with H,S according 
t o  the  following reactions (12):  

H,S + CO, - COS t H,O 
$S t CO __j COS t H, 

A t  temperatures between 440°F (227°C) and 1340°F (727°C). t h e  thermodynamics of 
reaction [21 are  more favorable than those of reaction [l].  Figure 4 shows tha t  
Cos production became a minimum a f t e r  about 30-40 min on-stream, and then 
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increased. The i n i t i a l  decrease i n  COS may have been due t o  reduced ava i l ab i l i t y  
of CO, because of t he  competing reactions i n  which CO reduces copper oxides. The 
l a t e r  increase i n  COS formation may have been caused by the  k ine t i c  e f f ec t  of 
gradual heating of t h e  sorbent bed with time on-stream. The e f f ec t  of increased 
temperature on COS formation can be seen i n  Figure 5. It appears t ha t  1250'F 
(677'C) i s  a more favorable temperature for  COS formation than e i t h e r  1000°F (538°C) 
or  1500°F (816°C). The f igure a l so  suggests t h a t  COS production may increase with 
the number of cycles;  other  data  which were col lected support t h i s  conclusion. 

The e f f e c t  of a s ingle  loading of the metal ace t a t e  solut ion versus a double 
loading of t h e  metals i s  shown i n  Figure 6. As expected, t he  double-coated 
sorbent, SP2C5M5, has a breakthrough time t h a t  is nearly double t h a t  of the 
single-coated SPlC5M5. Thus, the capacity of t h e  sorbent extrudates can be 
increased v i a  mult iple  loadings of t h e  metal s a l t s .  

Sorbents SP2C5M5 and SP2C9M1 were also compared for  t h e i r  a b i l i t y  t o  remove H$ 
from the simulated coal  gas mixture. The second and t h i r d  sulf idat ions of each 
sorbent a r e  shown i n  Figure 7. The SP2C9M1 sorbent appears t o  have greater 
capacity than SP2C5M5 f o r  H,S removal. 

The surface area of t h e  sorbent was determined before and a f t e r  t he  reaction by 
using t h e  Langmuir adsorption method, with a maximum e r r o r  of kl.5 %. The fresh 
SP-115 zeo l i t e  without metal coating had an average surface area of 482 m'/g. The 
unreacted SPlC5M5 had an average surface area of 434 m'/g, with a metal loading of 
1.82 w t  % Cu and 1.64 w t  % Mn. This suggests t h a t  t he  presence of t h e  metal has 
caused some pore blockage. After s ingle  sulf idat ions a t  1OOOT (538"C), 1250°F 
(677"C), and 1600'F (871'C), t h e  surface area decreased t o  379, 370, and 237 m'/g, 
respectively.  The loss of surface area under reaction conditions may be due t o  
coalescence of pores of t h e  zeol i te ,  o r  to  a ce r t a in  extent ,  s i l i c i c  acid 
formation by r eac t ion  of t he  zeo l i t e  with high-temperature steam. 

For a 5-cycle s e t  of experiments on sorbent SP2C5M5, t h e  u t i l i z a t i o n  of sorbent 
a t  breakthrough f o r  each of t he  f i r s t  through f i f t h  sulf idat ions was, 
respectively,  20%. 7%, 7%, 13%, and 12%. These percent u t i l i za t ions  were 
calculated using t h e  following assumptions: (1) t he  H,S breakthrough point was 
200 ppmv H,S i n  t h e  ou t l e t  gas, (2) t h e  metal composition of t he  sorbent was 4.39 
w t  % Cu and 6.11 w t  % Mn, a s  determined by atomic absorption analysis ,  (3) the 
concentration of H,S i n  t he  i n l e t  gas was 2000 ppmv, and (4) t h e  sulf ided metals 
i n  the sorbent were present only i n  the form of ChS t MnS. The decrease in  
sorbent u t i l i z a t i o n  a f t e r  t he  f i r s t  sulf idat ion was due t o  incomplete 
regeneration. The increase between 7% and 12-13% may have been due t o  random 
variat ions.  It i s  possible  t h a t  the r e l a t ive ly  low u t i l i z a t i o n  of t he  sorbent was 
caused by ine f fec t ive  coating of t h e  zeo l i t e  pores, i . e . ,  the  metals were 
deposited i n  seve ra l  atomic layers  on the outer  surface of t he  extrudate,  rather 
than inside t h e  pores.  Or, even i f  t h e  pores were e f f ec t ive ly  coated, there  may 
have been s ign i f i can t  res is tances  t o  diffusion of H$ i n t o  the pores. 

Six d i f f e ren t  samples of t h e  bed mater ia l  from the  5-cycle s e t  performed with 
SP2C5M5 a t  1250°F (677°C) and t h e  3-cycle s e t  run with SP2C9M1 a t  1250°F were 
analyzed using atomic absorption. There was no conclusive evidence for  loss of Cu 
O r  Mn greater  than a few percent.  Thus, these metals do not appear t o  undergo 
appreciable v o l a t i l i z a t i o n  under these conditions of sulf idat ion and regeneration. 

The crush s t r eng th  of t he  sorbent extrudates i s  an important consideration for 
p rac t i ca l  operation. Crush s t rength was determined by taking t h e  average of the 
force per uni t  length of extrudate  required t o  crush 15 extrudates;  t h e  range of 
e r r o r  f o r  these t e s t s  i s  +20-35%, within the  f i r s t  standard deviation. The fresh 
SP-115 zeo l i t e  without metal coating had an average crush s t rength of 6.58 kg/an. 
The crush s t rength f o r  f resh SP2C5M5 and SP2C9M1 were 29.6 and 11.1 kg/an, 
respectively.  The metal  coating makes the extrudates much stronger;  par t icular ly  
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the Mn appears to promote increased resistance to crushing. The average crush 
strength of 6 samples from the SP2C5M5 bed, after 5 cycles, decreased by only 6%. 
The average crush strength of 5 samples from the SP2C9M1 bed, after 3 cycles, 
increased by 3%. Therefore, the crush strength of the zeolite was increased by 
the metal loading, and essentially unchanged by reaction. 

CONCLUSIONS 

For the temperature range of 1000"-1600°F (538"-871"C), the SP-115 zeolite- 
supported Cu/Mn oxides sorbent had more total capacity at 1250°F (677°C) and 1600°F 
(871°C) than at 1000°F (538°C). Regeneration with a 50 mole % steam/50 mole % air 
mixture was preferred over air regeneration, due to decreased sulfate formation in 
the presence of steam. Further studies would be required to optimize regeneration 
conditions, so that minimal. sulfate is formed during oxidative regeneration. 
Appreciable amounts of COS were formed at 1250°F (677"C), probably due to reactions 
catalyzed by the zeolite; however, at 1500°F (816°C) the production of COS greatly 
decreased. The sorbent containing Cu:Mn molar ratios of 9:l had greater capacity 
for 4s than those containing equimolar ratios of the metals. Sorbent utilization 
with repeated sulfidation/regeneration cycles was low (513% for SP2C5M5). Surface 
area of the sorbent decreased with metal loading and with reaction temperatures 
between 1250°F (677T) and 1600°F (871°C). It is uncertain whether the zeolite 
pores had been effectively coated or plugged by the metal acetate solutions during 
preparation. There was little or no volatilization of the metals at 1250°F 
(677°C). The SP-115 zeolite will require further testing to determine whether it 
can withstand the highest temperatures (1250"-1600"F) (677"-871"C) for multiple 
cycles. 
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SYNGAS DESULFURIZATION OVER METAL ZEOLITES 

Clyde S .  Brooks 
RECYCLE METALS 

Glas tonbury ,  Connect icu t  06033 

Metal ox ides  suppor ted  on z e o l i t e s  have  been  demonstrated as e f f e c t i v e  
regenerable  4 e s u l f u r i z a t i o n  a g e n t s  f o r  h i g h  tempera ture  removal of hydrogen 
s u l f i d e  from f o s s i l  f u e l s .  D e s u l f u r i z a t i o n  occur s  by s u l f i d e  format ion  wi th  
Fe or Zn on t h e  s u r f a c e  of  t h e  z e o l i t e  l a t t i c e  w i t h  t h e  hydrogen s u l f i d e  of  
t h e  f u e l  gas .  Regeqera t ion  by a i r  o x i d a t i o n  of  t h e  suppor ted  m e t a l  s u l f i d e  
d i s p l a c e s  tX2 sulfur a s  s u l f u r  ox ides .  Both s u l f i d a t i o n  and o x i d a t i o n  show 
e i f i c i e n t  k i n e t i c s  w i t h i n  a tempera ture  range  o f  500-6OOC. which i s  above t h e  
range of phys i ca l  a d s o r p t i o n  and below where me ta l  v a p o r i z a t i o n  or suppor t  
i n s t a b i l i t y  prove  l i m i t a t i o n s .  
cause  of demonst ra ted  a b i l i t y  t o  reduce  t h e  s u l f u r  c o n c e n t r a t i o n  t o  s e v e r a l  
PPM i n  t h e  t empera tu re  range  500 t o  650 C. 

INTRODUCTION 
The p o t e n t i a l  for i nc reased  e f f i c i e n c y  of g a s  c leanup and improved eco- 

nomics provides  t h e  i n c e n t i v e  f o r  development of  h igh  tempera ture  d e s u l f u r i -  
z a t i o n  of  f o s s i l  f u e l s  ( c o a l  g a s  or syngas ) .  Numerous p rocesses  a r e  a v a i l -  
a b l e  f o r  low t empera tu re  d e s u l f u r i z a t i o n .  However, advantages  i n  process ing ,  
no tab ly  energy conse rva t ion  and c a p i t a l  s av ings ,  make h igh  tempera ture  desu l -  
f u r i z a t i o n  a t t r a c t i v e .  

A t t e n t i o n  i s  g iven  h e r e  t o  t h e  u s e  of me ta l  z e o l i t e s  as r egene rab le  de- 
s u l f u r i z a t i o n  a g e n t s .  Cons ide ra t ion  is given  t o  t h e  m e r i t s  of h igh  tzmpera- 
t u r e  d e s u l f u r i z a t i o n ,  t h e  r a t i o n a l e  of  agen t  s e l e c t i o n  and bench s c a l e  eva l -  
ua t ions  have been conducted of t h e  d e s u l f u r i z a t i o n - r e g e n e r a t i o n  performance 
of i r o n  and z i n c  z e o l i t e s .  

THE MERITS OF HOT DESULFURIZATION 

tempera ture  d e s u l f u r i z a t i o n  of s e v e r a l  a v a i l a b l e  c o a l  g a s i f i c a t i o n  a l t e r n a t i v e s  
a r e  summarized here :  
One comparison (1) has been  made f o r  low and h i g h  tempera ture  gas  cleanup of a 
1000 hW c o a l  g a s i f i c a t i o n  combined c y c l e  power p l a n t  f o r  two p o s s i b l e  gas t u r -  
b ine  i n l e t  t empera tu res  (1070 C and 1320 C) f o r  4 g a s i f i c a t i o n  op t ions :  1) a i r  
blown Lurg i  ( f i x e d  b e d ) ,  2) oxygen blown Lurg i  ( f i x e d  bed) ,  3) oxygen blown 
bituminous g a s i f i e r  c l e a n e r  ( s l agg ing  f i x e d  bed) and 4)  an  a i r  blown F o s t e r  
Wheeler ( en t r a ined  b e d ) .  The h igh  tempera ture  h o t  gas  cleanup (HGC) used was 
t h e  Morgantown Energy Technology Center (METC) i r o n  ox ide  f i x e d  bed d e s u l f u r i -  
z a t i o n  p rocess .  The low tempera ture  g a s  c leanup (LGC) used w a s  t h e  Benef ie ld  
process .  The H G C a l t e r n a t i v e  provided advantages  i n  thermal  e f f i c i e n c y ,  c a p i t a l  
c o s t ,  e l e c t r i c i t y  c o s t  and p u r i f i c a t i o n  system component costs. Savings  of  34% 
i n  c a p i t a l  requi rements  and 30% i n  c o s t  of e l e c t r i c i t y  were ob ta ined  wi th  HGC. 

I n  a second assessment  (2) 4 g a s i f i e r  c o n f i g u r a t i o n s  were eva lua ted ,  3 
employing en t r a ined  f low,  by Texaco, Shell-Koppers and by F o s t e r  Wheeler/ 
Bituminous Coal Research (RJ/BCR) and I n s t i t u t e  of  Gas Technology (IGT) f l u i d  
bed us ing  24 v a r i a t i o n s  of  a i r  and gas blown g a s i f i c a t i o n  wi th  3 tempera tures  ' 

f o r  d e s u l f u r i z a t i o n .  Low tempera ture  (150C) d e s u l f u r i z a t i o n  was wi th  a Se lexo l  
l i q u i d  scrubber .  In t e rmed ia t e  tempera ture  (540C) d e s u l f u r i z a t i o n  was wi th  t h e  
METC i r o n  ox ide  f i x e d  bed. High tempera ture  (R20C) d e s u l f u r i z a t i o n  used a 
Conoco ha l f - ca l c ined  dolomi te  i n  a f l u i d i z e d  bed. A l l  p rocesses  m e t  EPA e m i s -  
s i o n  s t anda rds .  The medium and h igh  t empera tu re  p rocesses  provided advantages  
i n  thermal  e f f i c i e n c y ,  p l a n t  c a p i t a l  and o v e r a l l  e l e c t r i c i t y  c o s t .  The g rea t -  
est advantage provided was reducPd c a p i t a l  c o s t .  

Zinc f a u j a s i t e  Y is  of p a r t i c u l a r  i n t e r e s t  be- 

Two assessments  t h a t  show t h e  energy and c a p i t a l  c o s t  advantages  of h igh  
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SELECTION OF DESULFURIZATION AGENTS -PRIOR WORK 
The elements cons idered  f o r  d e s u l f u r i z a t i o n  a g e n t s  have bee0 s e l e c t e d  

l a r g e l y  on an  empi r i ca l  b a s i s  from e s s e n t i a l l y  every  group of t h e  p e r i o d i c  
t a b l e .  
d i d a t e s  f o r  t h e  h o t  d e s u l f u r i z a t i o n  of low BTU c o a l  gases .  
they  made use  of t h e  f r e e  energy minimiza t ion  method o f  Van Zeggeren and S to ry  
and s e l e c t e d  11 of 28 elements a s  p o t e n t i a l  cand ida te s  f o r  f u e l  gas  d e s u l f u r i -  
z a t i o n  wi th in  a tempera ture  range  of  400-12OOC. These cand ida te s  were Fe ,  Zn, 
Mo, Mn. V ,  Ca, S r ,  Ba, Co, Cu and W. Based on thermodynamic c o n s i d e r a t i o n s  
they  se l ec t ed  MnO, CuO, V 0 and ZnO f o r  k i n e t i c  s t u d i e s .  A second sys t ema t i c  
s e l e c t i o n  of s u l f u r  removal a g e n t s  based on thermodynamics has  been made f o r  
f u e l  c e l l  a p p l i c a t i o n s  (4) .  
gas  at  650C w a s  t h e  s e l e c t i o n  c r i t e r i o n .  Of 42 agen t s  examined, 12 cand ida te s  
Fe ,  Co. Cd, Mo, Pb, W ,  Zn, V ,  Mn, Ba, Sr and Cu were eva lua ted  wi th  Cu/CuO, 
ZnO, and V 0 examined exper imenta l ly .  

A comprehensive review of ho t  gas(’J430C) c leanup p rocesses  a p p l i c a b l e  
t o  s u l f u r  removal, a s  H S from c o a l  gases  was  prepared  by Onursal (5) i n  1979. 
Coment  on desu l fu r i za tgon  work w i t h  an upda t ing  s i n c e  1979 is  a p p r o p r i a t e .  
F i r s t  comments w i l l  be  made of r e s u l t s  ob ta ined  w i t h  t h e  s i n g l e  component sys- 
t e m s  Fe,  Cu and Zn: 

s t r a t e d  excess ive  so rben t  deg rada t ion  and was abandoned. The MERC i r o n  ox ide /  
s i l i c a  ( f l y  ash)  so rben t  (8 ,9)  achieved  200-800 ppm H S i n  c o a l  gases  i n  t h e  
tempera ture  range 400-750C w i t h  r egene ra t ion  a t  950C $n a i r  o r  steam. 

a t  low t o  mid tempera tures  bu t  on ly  as a nonregenerahle  system. 
has  been eva lua ted  a t  Giner I n c .  
(12) and H S l e v e l s  down t o  1 ppm were ob ta ined  a t  bench s c a l e .  
of t h e  IFP ZnO a t  MFXC (12) confirmed t h e  low H S concen t r a t ions  b u t  i n d i c a t e d  2 low s u l f u r  loadings  r e l a t i v e  t o  unsupported ZnO. 

suppor ted  on s i l i ca  (16) has  been used t o  d e s u l f u r i z e  H S/H mix tu res  ove r  t h e  
tempera ture  range  300-1OOOC wi th  u l t i m a t e  a p p l i c a t i o n  i i t e n 2 e d  f o r  coke oven, 
producer ,  and wa te r  gases  and hydrocarbon vapor s .  S tud ie s  have been  conducted 
by Kennecott Copper Co. (13,17) f o r  Lurg i  f u e l  gases  con ta in ing  H , CO a n  
1-1.5% H S i n  t h e  tempera ture  range  480-51OC. S u l f u r  removal e f f 2 c i e n c i e s  of 
80% ( t o  1500 ppm H2S) were obta ined .  So rben t s  were regenera ted  a t  816C u s i n g  
so l id - so l id  r e a c t i o n  wi th  CuO bu t  w i th  l i m i t e d  success .  

Most d e s u l f u r i z a t i o n  s t u d i e s  have been conducted wi th  mixed me ta l  ox ides .  
About the  e a r l i e s t  s i g n i f i c a n t  s tudy  was made a t  Johns  Hopkins Un ive r s i ty  (14) 
f o r  mixed oxides  of  Cu, Fe, U, C r ,  Sn, Mn, V ,  Mo, Sb, B i  as b ina ry  and t e r n a r y  
combinations wi th  v a r i o u s  b inde r s  such as c l a y ,  pumice, alundum and l i m e .  Re- 
gene ra t ion  of t h e  s u l f i d e d  so rben t s  was by a i r  o x i d a t i o n ,  b u t  s u s t a i n e d  pe r fo r -  
mance was not  ob ta ined .  Nachod (15) used mixed ox ides  of Cu, Zn and Pb suppor ted  
on a l u m i n o s i l i c a t e s  t o  remove s u l f u r  from pe t ro leum d i s t i l l a t e s  and gases  
wi th  H S and o rgan ic  s u l f u r  compounds i n  t h e  tempera ture  range  90-55OC. 
generagion was  w i th  a i r / s t e a m  a t  370-540C, bu t  t h e  suppor t s  were l a c k i n g  i n  
s t a b i l i t y .  

shown t h a t  s u l f u r  l e v e l s  of  2-10 ppm i n  t h e  t empera tu re  range  550-750C can  be  
achieved  f o r  a z i n c  f e r r i t e  so rben t  w i th  s imula ted  Lurg i  f ixed-bed g a s i f i e r  
o f f -gas .  To d a t e  t h i s  z i n c  fe r r i te  of MFTC has  been advanced t o  t h e  h i g h e s t  
s t a g e  of development, p i l o t  p l a n t ,  o f  any so rben t .  

However, i n v e s t i g a t i o n s  by Bat te l le ,  I G T ,  MIT, G ine r ,  Research T r i a n g l e  
and Electrochem, l a r g e l y  under DOE funding ,  con t inue  t o  e v a l u a t e  promis ing  
a l t e r n a t i v e s  f o r  h igh  tempera ture  r egene rab le  d e s u l f u r i z a t i o n  of c o a l  gases .  
Work a t  B a t t d l e  (18) has been conducted w i t h  molten ca rbona te s  suppor ted  on 
Ca-Li a luminate .  Dual adsorbent  beds wi th  mixed ox ides  of ZnO, Fe20j. CuO i n  

Westmoreland and Har r i son  (3) made a s y s t e m a t i c  examination of can- 
In t h e i r  approach 

2 3  

A t t a i n a b l e  equ i l ib r ium H S concen t r a t ions  f o r  c o a l  2 

2 3  

Ear ly  work w i t h  i r o n  ox ides  on t h e  Appleby-Frodingham process  (6,7) demon- 

Zinc  oxide  h a s  been wide ly  used f o r  removal of  low concen t r a t ions  of H S 

( 1 0 , l l )  and by I n s t i t u t e  Frnnca is  Du Pet ro le (1FP)  
Supported 8nO 

Eva lua t ions  2 

Severa l  s t u d i e s  have involved  copper s o r b e n t s  (13,14,15,16,17).  Copper 

Re- 

I n v e s t i g a t i o n s  a t  METC ex tending  earlier work wi th  Fe oxides  (6-9) have  
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one bed and CoTi03in a second bed have  been eva lua ted  a t  I C T  (19) .  
w i th  ox ides  o f  Cu 
of  Cu and Mn pursued a t  Electrochem (Z l ) . .  A number of mixed ox ides  of ZnO, 
CuO, T i 0  and MOO , no tab ly  co -p rec ip i t a t ed  wi th  alumina have been i n v e s t i g a t e d  
a t  MIT ($2).  
CuO/Fe 0 /h1203 and  CuO/A1203 have been conducted by t h e  Resea rc i  bangle ( $ 3 ) .  

SELECTION OF ADSORBENT COMPONENTS 

based on c o n s i d e r a t i o n  of t h e  r e s u l t s  of p r i o r  work and t h e  p rospec t s  f o r  
f avorab le  s u l f i d a t i o n  k i n e t i c s ,  low equ i l ib r ium s u l f u r  concen t r a t ion  a t  h igh  
tempera ture  and good o x i d a t i o n  r egene ra t ion  k i n e t i c s .  Most p r i o r  desu l fu r i za -  
t i o n  work has  been conducted and con t inues  wi th  co -p rec ip i t a t ed  m e t a l  ox ides .  
I n  t h i s  s tudy  a z e o l i t e  suppor t  w a s  chosen  t o  p rov ide  a hydro thermal ly  s t a b l e  
s u b s t r a t e  i a v o r a b l e  f o r  maintenance of a h i g h l y  d i spe r sed  d e s u l f u r i z a t i o n  agent  
f o r  many s u l f i d a t i o n / o x i d a t i o n  du ty  c y c l e s .  A s y n t h e t i c  mordeni te  (Zeolon 900) 
was i n i t i a l l y  eva lua ted  b u t  t h e  a v a i l a b i l i t y  of r a r e - e a r t h  s t a b i l i z e d  f a u j a s i t e  
Y z e o l i t e  (Linde SK 500) l e d  t o  making it t h e  suppor t  of cho ice .  

EXPERIMENTAL PROCEDURES 
The me ta l s  of  i n t e r e s t  Fe and Zn were i o n  exchanged wi th  t h e  z e o l i t e  

p e l l e t s  by e q u i l i b r a t i o n  a t  25-60C wi th  3 Molar aq .  s o l u t i o n s  of  n i t r a t e  sa l ts  
of t he  metals. I o n  exchanged z e o l i t e s  were sepa ra t ed  from t h e  exchange solu- 
t i o n s ,  d r i e d  a t  150C and a i r  ca l c ined  a t  500C. The p r o p e r t i e s  of t h e  so rben t s  
are g iven  i n  Tab le  1. 

The d e s u l f u r i z a t i o n  performance t e s t s  w e r e  conducted in a s t a i n l e s s  steel  
f i x e d  bed r e a c t o r  w i t h  2-12 g r .  of adsorbent  (20-40 mesh). Corros ion  r e s i s t e n t  
a l l o y s  must b e  used i f  t h e  r e a c t o r  is t o  have  b a r e  m e t a l  w a l l s  t o  avoid  w a l l  
e f f e c t s .  The s a f e s t  p r a c t i c e  i s  t o  u s e  a qua r t z  l i n e r  i n  t h e  r e a c t i o n  zone. 
Gas compositions c o n s i s t e d  of d ry  and w e t  (10-20 Mol % H20)  H2wi th -200~8000  ppm 
H2S. Reac t ion  c o n d i t i o n s  cons i s t ed  o f  1-2 atmos. g a s  p re s su re ,  a 450-650C t e m -  
p e r a t u r e  range  and a s p a c e  v e l o c i t y  range  of 500-10000 hr-'. T e s t s  were con-. 
ducted to breakthrough concen t r a t ions  of 20 ppm HZS. 
t h e  e x i t  gas was de te rmined  wi th  Ritagawa tubes  and a t  i n t e r v a l s  of 30-60 min. 
by abso rp t ion  i n  CdS04 aq .  s o l u t i o n  and t h i o s u l f a t e  t i t r a t i o n .  

The s u l f i d e d  adso rben t s  w e r e  regenera ted  wi th  a i r  or s imula ted  f u e l  cel l  
exhaus t  g a s  (11 Mol X 0 ) a t  450-650C wi th  p e r i o d i c  measurement of SO2 i n  t h e  
e x i t  gas  by Kitagawa t d e  and abso rp t ion  i n  aq .  NaOH. 

ed systems metal a n a l y s i s ,  X-Ray d i f f r a c t i o n  a n a l y s i s  and BET s u r f a c e  area de te r -  
mina t ions .  

REACTION MECHANISMS 

i n t e r s t i t i a l  e n t i t i e s  w i t h  H S a t  t empera ture  i n  t h e  range  450-650C in a reducing  
atmosphere a r e  assumed t o  be? 

Work 
and Zn has  been done a t  Giner  (20) and work wi th  ox ides  

Add?tional s t u d i e s  wi th  mixed ox ides  of ZnO/CuO/Fe 0 ; ZnOlTiO ; 

2 3  

I r o n  and z i n c  were s e l e c t e d  as t h e  d e s u l f u r i z a t i o n  agen t s  f o r  eva lua t ion  

S u l f u r  concen t r a t ion  i n  

Pos t  t e s t  adso rben t s  were cha rac t e r i zed  by s u l f u r  a n a l y s i s  and f o r  s e l e c t -  

The sulf?idation r e a c t i o n s  pos tu l a t ed  f o r  t h e  suppor ted  metals as s e p a r a t e  

FeO+ H2S = FeS+  H 2 0  

ZnO+ H S = Z n S +  H 2 0  2 

The mechanism proposed f o r  t h e  exchanged c a t i o n s  is t h a t  t hey  a r e  p re sen t  pre- 
dominate ly  a s  i n t e g r a l  components of  t h e  z e o l i t e  l a t t i ce  s u r f a c e  so t h a t  t h e  
s u l f i d a t i o n  r e a c t i o n  can  be  v i s u a l i z e d :  

Limited thermal  s t a b i l i t y  prec ludes  s u l f i d e  s t o i c h i o m e t r i e s  w i th  s u l f u r  t o  
m e t a l  r a t i o s  h i g h e r  t h a n  ind ica t ed  i n  r e a c t i o n s  (1)-(3). 
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React ions  (1)-(2) would lead  t o  s i g n i f i c a n t  i n h i b i t i o n  of  s u l f i d a t i o n  
by a n  apprec i ab le  wa te r  p a r t i a l  p re s su re .  S ince  c o a l  gases  w i l l  c o n t a i n  10-20 
Mole X H 0 depending upon whether t h e  gas  i s  a i r  or 0 blown t h i s  is  a n  impor- 
t a n t  c o d i d e r a t i o n .  While t h e  wa te r  p a r t i a l  pressure’of 10 Mole X might r a i s e  
thc  H S equ i l ib r ium concen t r a t ion  from 1-2 t o  10 ppm a t  650C t h e r e  would be  a n  
advaneage i n  minimizing the  v o l a t i l i t y  of Zn. 

ed  t o  be: 
The ox ida t ion  r egene ra t ion  r e a c t i o n s  f o r  t h e  s u l f i d e d  metals are cons ider -  

FeS+ 1 .5  O2 = FeO+ SO2 

ZnS + 1.5 O2 = ZnO + SO2 

(4 ) 

(5) 

[Zeo l i t e2 -+  2 2  + ZnS] + 1.50’ = [Zeol i te2-+ZnB]  +H20+S02 (6)  

The expec ta t ion  i s  t h a t  a t  t h e  e l eva ted  tempera ture  of o x i d a t i o n  most of t h e  
s u l f u r  w i l l  be evolved a s  SO /SO wi th  minimal s u l f a t e  format ion  i f  extended 
exposure  t o  excess  oxygen is2avo?ded. The decomposition tempera tures  of t h e  
s u l f a t e s ,  i f  formed, are r e l a t i v e l y  h igh  be ing  500-630C f o r  FeSo4 and 600-84OC 
f o r  ZnS04 (24). 

DESULFURIZATION PERFORMANCE 

a Zn impregnated alumina and a r a r e  e a r t h  loaded Zn f a u j a s i t e  Y .  A f t e r  5 
sulfidationlregeneration du ty  cyc le s  a t  540C t h e  Zn f a u j a s i t e  Y demonstrated 
a dec ided  advantage i n  s u l f u r  l oad ing  a t  breakthrough a t  20  pprn wi th  a H S 
concen t r a t ion  less than  10 
of a h igh  BET a r e a  of 360 M / G r .  
1000 pprn H2S a t  500C ove r  Zn f a u j a s i t e  Y (F ig .  1) show sus t a ined  performance 
f o r  4 duty  cyc le s  wi th  l e s s  than  10 ppm H S.  

th rough Zn z e o l i t e  i s  dec ided ly  s u p e r i o r  t o  Fe z e o l i t e  (F ig .  2 ) .  For t h i s  test 
wi th  a s u l f u r  concen t r a t ion  of 7900 ppm. t y p i c a l  of c o a l  g a s ,  f o r  wet (10 Mole X) 
H r e s i d u a l  s u l f u r  concen t r a t ions  be fo re  breakthrough apprec iab ly  less than  
e&i l ib r ium H S va lues  a r e  obta ined  f o r  e i t h e r  Fe o r  Zn.  

The r o l z  of t h e  r a r e  e a r t h s  p re sen t  on t h e  SK 500 f a u j a s i t e  Y used as 
suppor t  f o r  t h e  Fe and Zn i n  t h e  d e s u l f u r i z a t i o n  p rocess  h a s  no t  been determined 
bu t  publ i shed  r e s u l t s  (25.26) i n d i c a t e  L a  has  p o t e n t i a l  as a s u l f i d a t i o n  adsor -  
bent  bu t  would r e q u i r e  a tempera ture  above 650C f o r  o x i d a t i o n  r egene ra t ion .  The 
p resen t  s tudy  i n d i c a t e s  t h e  rare e a r t h s  p lay  a minor r o l e  i n  s u l f i d a t i o n  bu t  a 
major r o l e  i n  c o n t r i b u t i n g  t o  thermal s t a b i l i t y .  Z inc  has  been proposed (27) 
f o r  improving t h e  thermal  s t a b i l i t y  of z e o l i t e s .  

OXIDATION REGENERATION 

wi th  s imula ted  f u e l  c e l l  exhaus t  gas  (11  Mole Z 0 ) is e s s e n t i a l l y  complete 
wi th in  60 minutes (F ig .  3 ) .  
gene ra t ion  i s  showti i n  Tab le  2.  

approaching  8OOC is  necessary  f o r  a gas  wi th  less t h a n  about  15 Mole X 0 . 
us ing  a N purge between completion of t h e  ox ida t ion - regene ra t ion  c y c l e  2nd t h e  
next  fue12gas d e s u l f u r i z a t i o n  c y c l e  combined w i t h  u t i l i z a t i o n  of t h e  exo- 
thermic  hea t  from t h e  ox ida t ion  r e a c t i o n  pe rmi t s  completion of  r egene ra t ion  of  
t h e  adsorbent  a t  a tempera ture  between 8OOC and 650C t h e  tempera ture  d e s i r e d  i n  
t h e  bed f o r  t h e  next  d e s u l f u r i z a t i o n  cyc le .  

h igh  BET s u r f a c e  a r e a  observed f o r  t h e  regenera ted  adsorbent  (Table  2) .  

I n  Tab le  2 a comparison i s  made f o r  4 adso rben t s ,  Fe and Zn mordeni te ,  

pm p r i o r  t o  breakthrough combined wi th  maint2nance 
Typica l  r e s u l t s  w i th  w e t  (15 Mole X )  H2 w i th  

If  t h e  o b j e c t i v e  is  t o  o b t a i n  a low*sul fur  concen t r a t ion  p r i o r  t o  break- 

9 

Oxidat ion- regenera t ion  a t  650C of  s u l f i d e d  Fe and Zn f a u j a s i t e  Y adso rben t s  

The e x t e n t  of r e s i d &  s u l f u r  r e t e n t i o n  a f t e r  re- 

To complete thermal  decomposition of r e s i d u a l  ZnSo a t empera tu re  
By 

The thermal  s t a b i l i t y  of t h e  Zn f a u j a s i t e  Y is  promising i n  v iew of  t h e  
An 
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important  c o n s i d e r a t i o n  is  t h a t  t h e  Zn z e o l i t e  should not  exper ience  temperatures  
much above 650C in a reducing  atmosphere t o  minimize l o s s e s  by v o l a t i l i z a t i o n .  
I n  t h e  i n t e r v a l  between o x i d a t i o n - r e g e n e r a t i o n  and t h e  next  d e s u l f u r i z a t i o n  
c y c l e  t h e  adsorbent  exposure  t o  tempera tures  above 650C is  i n  an oxid ized  
s t a t e  minimizing v o l a t i l i z a t i o n .  

CONCLUSIONS 
Bench s c a l e  e v a l u a t i o n s  have demonstrated t h e  performance o f  meta l  

z e o l i t e s  f o r  h igh  tempera ture  r e g e n e r a b l e  d e s u l f u r i z a t i o n  of f o s s i l  f u e l s  
conta in ing  H S .  Metal z e o l i t e s ,  no tab ly  w i t h  z i n c ,  p rovide  regenerable  s u l f u r  
removal c a p a g i l i t y  and achieve  low r e s i d u a l  s u l f u r  c o n c e n t r a t i o n s  and a good 
p o t e n t i a l  f o r  r e p e t i t i v e  s u l f i d a t i o n / o x i d a t i o n  duty  c y c l e s .  Zinc f a u j a s i t e  Y. 
i n  p a r t i c u l a r ,  p rovides  a s u p e r i o r  d e s u l f u r i z a t i o n  agent  wi th  t h e  a c t i v e  metal  
i n  a high s t a t e  of d i s p e r s i o n  on a hydro thermal ly  s t a b l e  suppor t .  A l t e r n a t i o n  
of s u l f i d a t i o n  and o x i d a t i o n  t y p i c a l  of d e s u l f u r i z a t i o n - r e g e n e r a t i o n  duty  cyc les  
favors  maintenance of t h e  i n i t i a l  h igh  s t a t e  of d i s p e r s i o n  f o r  t h e  a c t i v e  de- 
s u l f u r i z a t i o n  a g e n t ,  Fe o r  Zn,notably i f  t h e  meta l  is r e t a i n e d  i n  c l o s e  proximity 
t o  t h e  s u r f a c e  of t h e  z e o l i t e  l a t t i c e .  

P o t e n t i a l  a p p l i c a t i o n s  f o r  t h e s e  meta l  z e o l i t e  d e s u l f u r i z a t i o n  a g e n t s  
c o n s i s t s  o f :  

1) Provid ing  
combined c y c l e  power p l a n t s  t o  minimize s u l f u r  emissions and t h e  p r o t e c t i o n  
of gas  t u r b i n e  or f u e l  c e l l  power p l a n t s .  

f u e l s ,  n o t a b l e  c o a l  syngas.  
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Tab le  1. Sulfur Removal Capac i ty  f o r  Z inc  Z e o l i t e s  

Z e o l i t e  Ca t ion  Met a 1  T h e o r e t i c a l  High 
Exchange Loading S u l f u r  Temp. 
Capac i ty  Equiv. t o  Loading S t a b i l i t y  
CEC MEQ/Gr. CEC W t . %  a s  ZnS Ut .% Deg. C.  

Syn. Mordeni te  2.5 8 .2  . 4.0 650 
F a u j a s i t e  Y 4 . 0  13.2 6.4 650-980 

117 

, 



Table  2 .  A Comparison of D e s u l f u r i z a t i o n  Adsorbents 

Adsorbent Meta l  W t . %  S u l f u r  Percentage  of Res idua l  BET 
Loading T h e o r e t i c a l  S u l f u r  Area 
Ut.% S u l f u r  Loading W t . %  S q  .M. / G r .  

F a u j a s i t e  Y Zn 13.2 4 . 8  75 1 . 4 1  360 
(Linde SK 500) 
ZnO on Alumina Z n  11.7 2.4 0 .71  119 
(Harshaw A1-0104T) 
S yn . Mordeni t e Z n  10.9  2 .4  60  0 .51  129 
(Norton Zeolon 900) 
Syn. Mordcnite Fe 14.0 3.7  0.33 - 
(Norton Zeolon 900) 

Notes:  

- 

- 

1 )  F i v e  t e s t s  w e r e  conducted w i t h  10 .3  cu.cm. of adsorbent  bed wi th  1000 
ppm H S i n  H a t  540C and a t  2 A m o s .  in t h e  space  v e l o c i t y  (GHSV) range  
4000-6000 h r z l  t o  a breakthrough of 20 ppm H S .  

exhaus t  g a s  wi th  11% 0 2 ,  7% CO 
2)  Oxlda t ion  r egene ra t ions  were conducted wi th  g m u l a t e d  f u e l  c e l l  cathode 

3) Water D a r t i a l  p re s su re  was 15 &ole % f o r  ? i e su l fu r i za t ion  and r egene ra t ion .  
4 )  ZnO w a s  mounted on alumina by s o l u t i o n  impregnation. 
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1 . -  IhTRODUCTION 

Sulfur removal will be mandatory for all power generation coal gas applications in order to comply with 
future environmental standards. Two promising technologies that are  currently being optimized for coal- 
hased power generation are the integrated gasification combined cycle (IGCC) and the gasifier/molten 
carbonate fuel cell (MCFC) systems. Methods to remove hydrogen sulfide from the product gas at 
elevated temperatures will provide the highest possible thermal efficiency for these systems. A high- 
temperature desulfurization system also eliminates the need for costly heat exchanger systems to cool 
coal-derived gas to the required by low-temperature scrubbing processes, reheating of the clean coal- 
derived gases before they are injected into a combustor/turbine component, and treatment of the conden- 
sate formed during gas cooling. 

A major part of the research on high-temperature desulfurization of coal-derived gases has been directed 
to the use of mixed-metal oxide sorbents, such as zinc ferrite, because of their ability to capture a large 
fraction of sulfur species in the coal gas and to be regenerated in multiple cycles of absorption and regen- 
eration. However, quantitative evaluations of their performance during multicycle operation have shown 
that a gradual physical and chemical deterioration of the sorbent takes place. The sorbent's mechanical 
strength and its chemical reactivity for sulfur capture are strongly affected by the gasifier operating condi- 
tions. 

Zinc ferrite is currently the leading candidate to serve as a sulfur removal agent in the IGCC systems. It 
has been demonstrated that this material can remove hydrogen sulfide from a reducing gas to levels of 10 
ppmv or less at reasonable rates of reaction. GE has developed a patented moving-bed coal gas desulfuri- 
zation system that has been shown to achieve a reduction in complexity and cost in a simplified IGCC sys- 
tem relative to conventional IGCC configurations (Cook et al., 1988). In moving-bed systems with long- 
term cyclic operation, the movement of pelletized sorbent requires that the sorbent have a higher degree 
of attrition resistance than in fixed-bed operations. In moving-bed and fixed-bed systems, chemical reac- 
tivity and physical strength of the sorbent are both important. For a constant sorbent quality, these two 
properties tend to vary inversely. 

The moving-bed configuration offers many advantages over the fixed-bed cleanup system by minimizing 
sulfate formation during regeneration, minimizing accumulation of fines during sulfidation, utilization of 
full sorbent capacity, provision of continuous steady-state operation, and production of a high concentra- 
tion sulfur dioxide tail gas stream. In this paper, results of new zinc ferrite formulations having enhanced 
mechanical strength over the Baseline formulation for the moving-bed application will be discussed. 

2.- EXPERIMENTAL PROCEDURE 

2.1 - Materials 

The objective of sorbent preparation is to fabricate various zinc ferrite formulations with enhanced chem- 
ical and mechanical properties relative to the DOE-selected Baseline formulation, known as T-2465. This 
Baseline formulation is a cylindrical extrudate that contains 2% bentonite binder. 
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Several zinc ferrite formulations were prepared by United Catalysts, Inc. (UCI) and their properties are 
presented in Table 1. All formulations were fabricated as ellipsoidal, or "rounded" pellets with an average 
0.64 cm major axis and aspect ratio between 1.1 and 1.3. Fabrication parameters selected for this study 
were: UoH &%de type (catalyst and pigment grade), binder type (bentonite, calcium aluminate, Portland 
cement, titanium dioxide), binder content (up to 17% total binder), and calcination temperature (1550 
and 1750 OF). The same composition of T-2465 was fabricated as a rounded pellet and labeled L-3404 in 
Table 1. T-2465M is a formulation fabricated as a 20,000 Ib. batch following a double rounding procedure 
to densify the material even further. 

Several guidelines were followed to assess sorbent performance and identify superior formulations for 
moving-bed systems. Among the guidelines, a formulation had to meet: 

Mechanical strength requirements: 

- Crush strength greater than 20 Ib/pellet for the fresh material. 

- Attrition resistance greater than that of the DOE-selected Baseline formulation (ASTM pro- 

- Attrition resistance greater than 94% (ASTM procedure D4058-81) at high temperatures 

cedure D4058-81) as a fresh material. 

(e.& 1000 O F )  as a fresh material. 

Single-pellet chemical reactivity requirements: 

tions (1022 "F, 1 atm., 3% H,S). 
- TGA fractional conversion greater than 0.5 (i.e., 50% conversion) in 2 hrs. at standard condi- 

- TGA conversion greater than 70% of theoretical for fresh zinc ferrite. 

Pellet physical morphology requirements: 

- Specific pore volume in the range 0.2 to 0.3 cm3/g. 

- Mean pore diameter greater than 1000 A. 

Only three of the formulations that met these minimum requirements were selected for bench-scale reac- 
tor testing. 

2.2 - Physical /Mechanical Characterization 

The pore volume distributions of selected fresh and used sorbents were measured by a mercury porosim- 
eter (Micromeritics Model 9220) with a mercury penetration capability of 60,000 psia. A number of meas- 
urements including pore volume, mean pore diameter (diameter at 50% intrusion), pellet density, and 
cumulative and differential pore volume distributions were made. 

Formulations fabricated by UCI were tested for crush strength (is., dead weight load) and for attrition 
resistance at ambient temperature and at 1000'F. Attrition resistance is defined as 100% minus attrition 
rate according to ASTM method D4058-81. 

2 3  - Chemical Characterization 

A thermogravimetric analyzer (Cahn 1000) capable of continuously measuring sorbent weight changes 
with an accuracy of 10 pg in reactive (or inert) gas environments as a function of temperature and time, 
was used to measure the chemical reactivity of the sorbents. The equipment and zinc ferrite reaction 
chemistry (which can be used to predict maximum weight changes) is described elsewhere (Wood et al., 
1989). Typically, a 1.5-cycle reactivity test was conducted consisting of two sulfidations at 550 "C with an 
interim regeneration at 675 "C. Prior to each sulfidation, a 30-minute reduction was conducted at 550 OC. 
The gas compositions used for reduction, sulfidation, and regeneration are shown in Table 2. The 
sulfiding gas was typical of the GE air-blown fixed-bed gasifier except for H2S. The abnormally high level 
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of H2S, as opposed to a normal 0.5% in the sulfiding gas, was to enable a 1.5-cycle test to be performed in 
a normal 8-hour day. 

Formulations meeting the minimum requirements described in Section 2.1 were tested in a packed-bed, 
bench-scale reactor unit. A schematic diagram of the bench-scale reactor unit is presented in Figure 1. 
The bench-unit consists of three main parts: gas-handling system, reactor system, and gas-analysis instru- 
mentation. Compressed gases from cylinders were mixed in the gas-mixing manifold to simulate composi- 
tions typical of an air-blown, fixed-bed gasifier gas and the regeneration gases of a moving-bed, hot gas 
cleanup system. Three reactor vessels were operated in parallel at a space velocity of 2000 hr-l each. In 
this way, three different formulations could be tested under identical conditions of flow rate and gas com- 
position. The three sorbent formulations selected for testing in the reactor system were: T-2465M, L- 
3407, and L-3404 (the Baseline sorbent). Each reactor vessel had a 2.5 in. (6.35 cm.) internal diameter 
and a sorbent bed 8 in. (20.3 cm.) long. 

Sulfidation was carried out at 1000 "F (538 "C) with an artificially high H2S concentration 1% v v , to 
accelerate the testing over 10 cycles. Gas composition was the same as that in the sulfiding gas m Table 2, 
except for the HzS and Nz concentrations. The reaction was stopped when the effluent H2S concentra- 
tion, or breakthrough concentration, reached 200 ppmv. Regeneration was carried out at 1000 "F first 
using 1 to 4% oxygen from air (balance nitrogen), while maintaining the maximum bed temperature 
below 1250 "F, until oxygen breakthrough was approximately equal to the inlet concentration, and then 
the gas mixture switched to pure air with the temperature gradually increased to 1400 "F(760 "C) to pro- 
mote thermal decomposition of sulfate. This procedure was intented to mimic the moving bed regenera- 
tion process conditions. 

3.- RESULTS 

3.1 - TGA 

1 .  1 )  

Sorbents L-3404 (1550 OF), L-3406 (1550 O F ) ,  L-3407 (1550 "F, 1750 OF), L-3409 (1550 OF), T-2465M (1550 
O F ) ,  and L-3467B (1750 O F )  were selected for chemical reactivity screening by TGA. The choice was 
somewhat arbitrary because of similarity of the various properties and because all sorbents met the 
required pore volume and mean pore diameter criteria. First cycle sulfidation capacities (as a fraction of 
maximum theoretical capacities) after 2 hours of sulfidation a re  compared for these sorbents in Table 3. 
For all sorbents we have assumed bentonite to be inert, ZnO to convert to ZnS via ZnO + H2S -t ZnS + 
HzO, F q 0 3  to convert to FeS via Fq03 + 2H2S + H2 4 2FeS + 3H20 and CaAI2O4 to convert to Cas 
via CaAI204 + HzS -+ Cas + A 1 2 0 3  + H20. These reactions were used to obtain the maximum potential 
weight gain while fractional conversion over 2 hours was calculated by dividing the actual weight gain by 
the maximum potential weight gain. 

AU sorbents met the criteria for 70% conversion over unlimited time (defined as 8 hours maximum). 
However, the sorbents L-3409 and L-3467B failed to meet the 50% utilization criteria over 2 hours. 
Among the other sorbents, L-3406 with the pigment grade iron oxide was good in attrition resistance but 
was relatively unreactive. This sorbent, although not selected initially for bench-scale testing, may be used 
at a later date. L3404 and its denser twin T-2465M were selected based on TGA studies. Among the L- 
3407 formulations, the significantly higher reactivity of the 1750 O F  sorbent cannot be explained readily. In 
any event, since the attrition properties of the two L-3407 sorbents were not significantly different, L-3407 
(I750 "F) was recommended for further bench-scale testing. 

3.2 - Mechanical Characterization 

Crush strength, attrition resistance, and mercury porosimetry measurements were conducted on fresh 
sorbents, on samples tested on the TGA, and on samples extracted from the bench-scale unit after multi- 
ple absorption-regeneration cycles. 

The results of crush strength and attrition resistance of fresh sorbents at ambient temperature and a t  1000 
"F are given in Table 1 and in Figure 2. Several sorbents in Table 1 exhibited low and nearly equivalent 
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(ranging from 94.0 to  96.0%) attrition resistance. The baseline formulation G3404 exhibited a lower attri- 
tion resistance of 91% whereas T-2465h4, prepared using the same chemical composition as L3404 but in 
a different pilot-scale.equipment, exhibited a higher attrition resistance of 95.4%. The difference is 
believed to be caused by the lower pore volume (or higher density) of T-2465M, which may be attribut- 
able to the scale of equipment and/or repeatability of formulation procedures. Attrition resistance at 
1000 "F is slightly higher compared to ambient conditions for all cases studied, a favorable result for the 
intended moving-bed process. Three formulations were selected for bench-scale testing: G3407, T- 
2465M and C3404. This selection was based mainly on the high attrition resistance exhibited by this 
three formulations. 

Mercury porosimetry results for fresh sorbents and for those atracted from the TGA following 1.5 cycles 
are presented in Table 4. Only a few results are presented here for the sorbents selected for the bench 
unit. The pore volume of the sorbents correlated with fractional sulfidation. Pore volume of sulfided sor- 
bent decreased and that of regenerated sorbent following sulfidation increased as shown in Table 4. The 
lower restoration of pore volume of regenerated G3407 versus G3404 is attributed to incomplete regen- 
eration of the calcium aluminate binder. 

The same mechanical characterization methods were conducted on samples extracted from the bench- 
scale unit after ten cycles of absorption and nine cycles of regeneration (Le., sulfided sorbent), and after 
ten cycles of absorption and ten cycles of regeneration (Le., regenerated sorbent). The tenth regeneration 
was concluded with the usual Oxidative regeneration temperature increase up to approximately 1400 T. 
Samples were taken from three locations in the reactor bed: gas inlet, midsection, and gas outlet as shown 
in Table 5. In contrast to the TGA results, there appeared to be no correlation of the pore volume of the 
sulfided and regenerated L3407 sorbent and the degree of fractional sulfidation. The reasons for this are 
believed to be the extensive thermal cycling of the sorbent in the bench-scale unit, incomplete regenera- 
tion of calcium aluminate binder in the sorbent, and residual sulfate in the sorbent (as confirmed by TGA 
test of the regenerated sorbent). The pore volumes and mean pore diameters in Table 5 are quite good 
and suggest no pore plugging. 

Attrition resistance and crush strength of the corresponding G3407 samples extracted from the bench- 
scale reactor unit are also included in Table 5. In both cases crush strength of sulfided and oxidatively 
regenerated samples is similar to that of the fresh material. However, the attrition resistance decreased 
sigmficantly from 96% for the fresh sorbent to 6585% for the cycled sorbents. The sorbent in the gas 
inlet side, where the sorbent was exposed to the H2S environment for a longer period, was weaker than 
the sorbent in the gas outlet side. 

33 - Bench-scale Reactor System 
Breakthrough H2S concentrations are presented in Figure 3 for the three selected sorbent formulations. 
H2S concentrations prio to breakthrough were measured in the range of 5 to 15 ppmv, depending on for- 
mulation, and were near equiliirium vahdes for EzS at the test conditions. 

According to the unreacted-core model for chemical reactivity in porous media, a sorbent having a lower 
mean pore diameter should exhibit a higher ditfusional resistance for gas reactants and a lower reactivity. 
As expected, the time required for the 200 ppmv breakthrough to occur was inversely related to the 
amount of binder present and the mean pore diameter (MPD) of the three sorbents tested following the 
trend: 

G3407 < T-2465M < I23404 
(2% binder, 2197 8, MPD) 

The large difference in reactivity between L3407 and the other two sorbents is a result of both its higher 
binder content and its lower mean pore diameter. The dierereme in reactivity between the T-2465M and  
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L-3404, both containing 2% binder, is a result of differences in mean pore diameter, with T-2465M exhi- 
biting a lower value. It is evident that the mean pore diameter, closely describing the pore volume distri- 
bution, is an important parameter for the prediction of bed reactivity when differences in other sorbent 
properties are not significant. 

As shown in the upper x-axis scale of Figure 3, the dimensionless time provides a measure of the overall 
sorbent bed utilization (in terms of sulfur capture) relative to that at the calculated bed saturation time 
(from H2S flow rate and mass of zinc ferrite in the bed). At the 200 ppmv H2S breakthrough time, bed 
utilization between 5%-11% for L3407 and between 20%-28% for T-2465M can be calculated. The sor- 
bent utilization for the formulations tested is expected to be higher for commercial systems where much 
larger reactor beds are employed and the smaller ratio of pellet diameter to reactor diameter minimizes 
potential gas bypassing or channeling. 

Zinc ferrite sorbents with higher bed utilization, typically 40%, have been manufactured in the past but at 
the expense of being weaker or softer and, hence, less suitable for long-term operation in moving-bed sys- 
ferns. L-3404, the Baseline formulation, has the same chemical composition of previous DOE-tested sor- 
bents, differing in the fabrication procedure (rounding versus cylindrical extrusion). 

4. - CONCLUSIONS 

Based on the proposed program screening procedure, three formulations, L-3407, T-2465M, and L-3404 
were selected as potential candidates for bench-scale testing and determination of enhanced formulations 
suitable for moving-bed applications. All formulations tested met the criteria for 70% conversion over 
unlimited time and suitable pellet morphology (i.e., pore volume and mean pore diameter). However, 
several formulations failed the criteria for 50% conversion in 2 hrs., attrition resistance, and crush 
strength. Pore volumes measured by mercury porosimetty correlated well with degree of sulfidation for 
fresh samples in TGA tests but not for cycled samples extracted from the bench-scale unit. It is specu- 
lated that the discrepancy is due to extensive thermal cycling, incomplete regeneration of calcium 
aluminate binder, and residual sulfate in the sorbent. Attrition resistance was somewhat higher for all 
fresh formulations at  1000 "F than at ambient temperature. 

Bench-scale tests showed that prebreakthrough HIS concentrations in the effluent gas are  low enough for 
use of the sorbents i n  high-temperature desulfurization of coal gas, with differences in breakthrough times 
explained by differences in binder content and mean pore diameter of the materials. Sorbent bed capaci- 
ties were below 30% of theoretical at the 200 ppmv breakthrough level and were lower than those meas- 
ured in the past for weaker formulations. A significant decrease in attrition resistance was measured in 
the L-3407 sorbent, from 96 to 65%, while the observed crush strength was similar to that of fresh 
material after 10 cycles of bench-scale testing. Thus far, the three rounded formulations (L-3407, T- 
2465M, and L-3404) tested in the bench-scale unit appear promising for future moving-bed applications. 
AU three rounded formulations have shown enhanced mechanical properties over the DOE-selected T- 
2465 Baseline formulation while maintaining adequate chemical reactivity for the moving-bed system. 
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Table 2 - Gas Compositions (Volume %) for TGA tests 
Reducing Gas Sulfiding Gas Regeneration Gas 

H2 15.0 15.0 
co 8.0 8.0 

11.0 11.0 
3.0 

cq 
H2S 
HZO 30.0 ' 30.0 

36.0 33.0 96.0 
4.0 

N2 
0, 

Table 3 - Comparison of Sorbent TGA Reactivity 
Sorbent Maximum Sulfur Fractional Conversion 

after 2-hour Sulfidation Caoacitv (lbs/lOO Ibsl 

G3404 (1550 "F) 39.1 0.71 
L3406 (1550 T)  39.1 0.57 
L3407 (1550 OF) 36.4 0.60 

L3409 (1550 "F) 35.0 0.45 
L-3467B (1750 OF) 36.2 . 0.49 
T-24G5M (1550 OF) 39.1 0.G 1 

G3407 (1750 OF) 36.4 0 . 7  
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Table 4. - Pore Volume of Sorbents Tested on TGA 

Sorbent Pore Volume Pore Volume % Sulfidation Pore Volume 
Sulfided oxidatively Regenerated 

G3404 (1550 T )  0.25 0.13 81.4 0.24 

T-2465M f 1550 "F1 0.20 0.11 100 NA 
G3407 (1750 T )  0.2s 0.14 97.4 0.20 

Table 5. - Physical/Mechanid Characterization of L3407 (1750 T)  
After 10 C$cles of B e n c h m e  Testing 

Sample Pore Volume Mean Pore Diameter Crush Strength Attrition Resistance 
(=/g) (4 (Ib/pellet) Ambient Temp. (%) 

Sulfided: 
Gas Inlet 0.2173 2283 16.00 70.83 
Midsection 0.2176 2004 24.93 78.25 
Gas outlet 0.2130 2416 22.93 85.30 
Regenerated: 
Gas Inlet 0.2107 2221 
Midsection 0.2036 1795 
Gas Outlet 0.2318 2440 

18.63 65.02 
22.17 70.04 
24.87 73.43 

Fresh 0.25 2126 20.0 96.0 

VENT 

Figure 1. - Schematic Diagram of the Bench-Scale Reactor Unit 
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REACTIVE ABSORPTION OF HIS 
BY A SOLUTION OF SO2 IN POLYGLYCOL ETHER 
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INTRODUCTION 

When coal is gasified, most of the total sulfur content is converted to hydrogen sulfide (H2S) or, 
to a lesser extent, carbonyl sulfide (COS). The HzS concentration in the coal gas depends on the 
amount of sulfur initially present in the coal and on the nature of the coal-gasification process 
used. Gas-phase concentrations are typically several thousand ppm H2S. Because of environmen- 
tal restrictions and process requirements, H2S must be removed from coal-derived gas streams. 

The required degree of H2S removal depends on use of the gas. In some cases, selective absorp- 
tion of H2S is desirable. In other cases, co-absorption of C 0 2  and  light hydrocarbons allows 
these components to be recovered as  separate products. To meet this wide range of processing 
requirements, the U. C. Berkeley Sulfur Recovery Process (UCBSRP) is being developed as a less- 
costly alternative to conventional sulfur-recovery technology [I] .  The reactive absorption of H2S 
by a polyglycol ether solution of SO2 is but one step in this process. 

The UCBSRP (Figure I )  consists of six basic steps. First. H2S is absorbed in the primary absorb- 
er by a polyglycol ether (Diethylene glycol methyl ether or DGM). Second, by mixing the HzS- 
rich solvent with a slight excess of SO2 dissolved in the same solvent, all the HzS can be reacted 
away to form sulfur by the following irreversible, liquid-phase reaction: 

2 H2S t SO2 ---> 3/8 s8 + 2 H 2 0  ( 1 )  

Only a small portion of the absorbed H2S reacts in the primary absorber; most reacts in the reac- 
tor/crystallizers. Third, the dissolved sulfur formed by the reaction is crystallized and separated 
from the solvent in the reactorfcrystallizers. Fourth,  the water of reaction and any  residual 
dissolved gases must be stripped from the solvent in the solvent stripper. Fifth, a portion of the 
recovered, marketable sulfur product is burned with exactly stoichiometric air in the furnace. 
The heat of combustion of sulfur is  recovered in a waste-heat boiler and  provides an energy 
credit for the process. Finally, the SO2 produced by combustion is absorbed by the cool, lean 
solvent from the solvent stripper to provide the SO2-rich solvent stream used in step two. 

The key to this process is the irreversible, liquid-phase Claus reaction, equation I .  This reaction, 
even when car r ied  out  a t  temperatures  below IOO°C, proceeds rapidly to completion in the 
presence of an appropriate homogeneous liquid-phase catalyst (3-pyridyl carbinol). By this reac- 
tion the large H2S stripping costs associated with most conventional technologies a re  avoided, 
and the cooled H2S-free solvent f rom the crystallizer can be recycled back to the primary ab- 
sorber without further processing. Because the solvent that is fed to the primary absorber is free 
of H2S, the treated gas can easily meet a I-ppm-or-less outlet specification. 

Design of both the primary absorber and the SO2 absorber requires knowing the tray efficien- 
cies. Sieve-tray efficiencies for physical absorption of HzS and SO2 were determined at atmos- 
pheric pressure. The main solvent feed to the primary absorber contains a small amount of SO2 
that reacts with the H2S being absorbed on the upper trays. Chemical reaction i n  the liquid 
phase can enhance the rate of mass transfer of a gas that is being absorbed. The effect that the 
simultaneous chemical reaction has on H2S absorption rates, and thereby tray efficiencies, was 
studied both by modelling and by experimentation. Tray-efficiency correlations from the litera- 
ture were used to correlate the experimental data and to predict the high-pressure tray efficien- 
cies that are necessary for  designing the high-pressure primary absorber. 
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TRAY-EFFICIENCY MODELS 

One of the most readily available and widely used procedures for estimating tray efficiencies is 
the procedure developed in the late 1950's by the American Institute of Chemical Engineers 
(AIChE). This procedure uses mass-transfer correlations first to predict the point efficiency and 
then to convert the point efficiency to a Murphree tray efficiency. Chan and Fair [2] followgd 
the basic AIChE design strategy but used more current mass-transfer correlations to improve the 
accuracy of sieve-tray efficiency predictions. The basic procedure, without presenting the corre- 
lations, begins with defining the point efficiency, Eo,, as 

EO, = ( Yin - Y ) / ( Yin - Y* 

where Y* = m Xloc (3) 

(2) 

The inlet and outlet gas compositions to and from the element of solvent are yin and  y respec- 
tively; y* is the gas composition that would be in equilibrium with xioc. the uniform composition 
of the solvent at the location of interest on the tray. The slope of the equilibrium line is m. A 
more useful equation for estimating the point efficiency has been derived by analyzing the mass- 
transfer process by using the addition-of-resistances theory along with the assumption that the 
gas moves upward, in plug flow, through a well-mixed liquid. The results of the derivation a re  

Eo, = I - exp( -Nov ) (4) 

where Nov is the number of mass-transfer units based on the overall gas-phase mass-transfer 
driving force. The overall number of transfer units is related to number of transfer units based 
on the mass-transfer driving forces of the individual phases by 

where 

Nov = [ 1 / Nv + X / NL ]-I 

Nv = kva; tv 

NL = kLai tL 

= ( , m  V )/L 

If the individual gas- and liquid-phase mass-transfer coefficients, k,a; and kLai. and their 
respective contact times, t v  and  tL. a r e  known or can be estimated reasonably by correlations, 
the number of gas- and liquid-phase mass-transfer units, Nv and NL, can be determined. To 
calculate Nov by equation 5 ,  one needs to know A, the ratio of the slope of the equilibrium line, 
m, to the slope of the operating line, L/V. The point efficiency is then calculated by equation 4. 
It still remains to convert the point efficiency to a Murphree tray efficiency. 

Murphree vapor tray efficiency, E,,, as defined by equations 9 and IO below, is a measure of 
how closely the change in gas composition across a tray approaches the composition change that 
would occur if the gas were to leave the tray in equilibrium with the l iquid exit ing the tray. 
The gas streams above and below the tray are assumed to be perfectly mixed. 

Emv = ( Yin Yout ) / ( Yin Y* 1 (9) 

where Y* = m Xout (10) 

The equilibrium backpressure of the absorbed gas, y*, for the Murphree vapor tray efficiency is 
based on the concentration of dissolved gas in the solvent at the tray outlet, xOUt. whereas the 
point efficiency is based on local solvent concentration, xioc. which may be changing as the 
solvent flows across the tray. By using a n  eddy-diffusion model for crosscurrent flow to de- 
scribe liquid mixing on the tray, and by assuming that the inlet gas is perfectly mixed, the two 
efficiencies can be related to each other through X and the dimensionless Peclet number, Pe. 

( 1 1 )  
2 

Pe = ZL 1 ( De tL ) 

The length of the liquid flow path, ZL. is the distance between the inlet and outlet weirs on the 
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tray. The eddy diffusivity, De,  can be calculated from correlations 

Two limiting regimes a re  encountered. For complete mixing of the solvent on the tray,  corre- 
sponding to Pe equal to zero, E,, is equal to Eov. When the  solvent flows across the tray in 
plug flow, corresponding to Pe equal to infinity, the maximum improvement of Emv over Eov is 
obtained. The Peclet number for the tray and operating conditions used in the present study is 
approximately equal to 0.01. This low value of Pe indicates that the solvent on the tray is well- 
mixed and that the measured Murphree efficiencies are equivalent to point efficiencies. 

TRAY EFFICIENCY FOR ABSORPTION WITH CHEMICAL REACTION 

If absorption with chemical reaction is occurring, the liquid-phase mass-transfer coefficient may 
increase relative to t h e  coefficient for strictly physical absorption due to the reaction depleting 
the concentration of the absorbed gas near the gas-liquid interface. To obtain this enhancement, 
a significant portion of the reaction must occur in the liquid diffusion film near the gas-liquid 
interface rather than in the bulk solvent. When this is  the case, kLai for physical absorption 
should be multiplied by an enhancement factor, 4 t I ,  to obtain the liquid-phase mass-transfer 
coefficient for reactive absorption, k:ai, which is then used in equation 7 to obtain NL. 

kLai = 4 kLai 

To find 4, an appropriate mass-transfer model, such as the film model or the Higbie penetration 
model must be chosen. The reaction regime (slow, fast, or instantaneous), the order of the reac- 
tion, and the reaction equilibrium (reversible or irreversible) must be determined. Then a value 
for the enhancement factor may be obtained from one of the well-known solutions to the differ- 
ential equations that describe absorption with chemical reaction under these models [3]. 

If the tray is well-mixed (Pe = 0) the calculation of E,, is straightforward. However, a more 
rigorous treatment [4] is required when the enhancement factor is a function of one or more of 
the reactant concentrations and these concentrations vary along the liquid-flow path on the tray. 
In this case the point efficiency will vary with concentration across the tray and will complicate 
the calculation of EmV 

In determining efficiencies, the correct value of y* to use in equations 2 or 9 depends on the 
reaction rate. For very fast reactions, in which most of the absorbed gas reacts in the film and 
never makes i t  to t h e  bulk solvent, y' is equal to zero. For  slow reactions very little reaction 
occurs in the d i f fus ion  film. Most of the absorbed gas passes into the bulk l iquid where it 
slowly reacts, and y* should properly reflect the actual concentration of absorbed gas in the bulk 
liquid. This presents a problem if one desires to determine E,, since i t  would require an in  sltu 
method of measuring the concentration of dissolved gas right a t  the tray outlet to calculate y'. 
However, in the case of slow reactions. because very little reaction is occurring in the liquid film 
near the interface, no mass-transfer enhancement is expected, and the tray efficiency for absorp- 
tion with slow reaction should be equal to the tray efficiency for  physical absorption. The 
system under investigation falls within the slow reaction regime. 

REACTION IN THE BULK LIQUID ON THE TRAY 

In a well-mixed flow absorber operating at steady-state, as for  example a sieve-tray absorber, the 
concentrations of dissolved gas (A) and reactant (B) are uniform throughout the bulk liquid on 
the tray and remain constant over time. The absorber can then be modeled as a continuously- 
stirred-tank reactor (CSTR). The design equation for  a sieve tray acting as  a CSTR/absorber 
requires the flow of dissolved component A in the liquid being fed to the tray plus the rate of 
absorption o f - A  from the gas to be equal to the flow of dissolved, unreacted A that leaves the 
tray plus the rate a t  which A is consumed by reaction while the liquid is on the tray. For the 
irreversible, second-order reaction between A an B 

A + uB ----> P ( 1 3 )  
with a reaction rate of 

Rate = k2 C A ~  C B ~  (14) 
the CSTR/tray design equations is 
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The concentration of dissolved A a t  the interface and in the bulk solution a re  C A ~  a n d  C A ~  
respectively. The residence time (QL/HL) of the liquid in the tray is r, where QL is the volu- 
metric flow of liquid to and from the tray and HL is the hold-up (volume) of liquidton the tray. 
The second-order reaction-rate constant is  k2, and  Kai is  the rate of absorption per uni t  vol- 
ume. 

A slow reaction is one for  which the reaction term is not negligible although the enhancement 
factor is still equal to one. For the enhancement factor to be one while substantial reaction is 
occurring in the bulk solution, the condition that  the ra te  of reaction in the f i lm  is much less 
than the rate of absorption must be satisfied [3]. This condition requires that 

M = D L A  k2 CBo/kt<< I 

When condition 16 is met, the tray efficiency will remain unchanged f rom the  eff ic iency fo r  
physical absorption even though the rate of reaction in the bulk liquid on the tray is appreciable. 
The ra te  of absorption, however, will be greatly improved because the reaction reduces the 
concentration of component A in the bulk solution ( C A ~ ) .  thus improving the driving force for 
mass transfer. When operating within this regime, the reaction rate constant, k2, can be calculat- 
ed from equation 15 if the rate of absorption and the concentrations of A and B are  known. 

Hydrogen su l f ide  absorpt ion by solutions of SO2 is a case of absorpt ion with i r revers ible ,  
second-order chemical reaction containing a volatile dissolved reactant. Both penetration-model 
and film-model analyses indicate that condition 16 is met a n d  that  the reaction is too slow to 
cause an enhancement of the liquid-phase mass-transfer coefficient [SI. The  reaction, then, 
occurs predominately in the bulk liquid, and the tray efficiency for  reactive absorption should 
be equal to the efficiency for physical absorption. 

PHYSICAL ABSORPTION OF HIS AND SO2 

Murphree vapor tray efficiencies for physical absorption of H2S and SO2 were determined with 
an apparatus which consisted of a single 0.10-meter (4-inch) sieve tray with 4% f ree  area placed 
in a circulating gas stream. Solvent was f ed  to the tray continuously, on a once-through basis. 
With this apparatus H2S and SO2 gas feed rates, gas- and liquid-phase compositions and tempera- 
tures, and total gas and liquid flows were measured to determine absorption rates and  tray effi-  
ciencies. For physical absorption the solvent feed was free of dissolved gas. 

Tray efficiencies were determined for physical absorption of SO2 over a n  inlet gas concentration 
range of 400 to 4500 ppm. The liquid and gas flows were constant a t  3.55 mole/min (6.97 cm3/s) 
and 8.57 mole/min (0.427 m3/m2-s) respectively. The  total pressure was 122 kPa. The average 
efficiency for  this system was 0.59 t 0.11. 

Tray efficiencies fo r  physical absorption of H2S by DGM were determined a t  3OoC and  40% for 
the same total pressure and solvent and vapor flows as above. The inlet gas concentration range 
was 1200 to 2700 ppm. The H2S tray efficiencies a t  40OC averaged 0.16 f 0.09 and those a t  30oC 
averaged 0.18 t 0.08. These efficiencies are  quite a bit lower than the SO2 efficiencies because 
of the much lower solubiIity of  H2S in DGM Sulfur dioxide is more than ten times as  soluble in 
DGM as  is H2S. The slope of the equilibrium line, m, increases with decreasing gas solubility. 
For gas absorption under liquid-phase control (which is the case for this system) X /NL >> I/Nv. 
When this is the case, Nov .̂ N L  /A Therefore, if m increases due to lower gas solubility, X must 
increase in proportion and N8' mu? decrease, which results in a lower value calculated for  Eov 
The efficiency for  H2S a t  30 C IS slightly higher than the efficiency for  H2S a t  4OoC because of 
the increased H2S solubili ty in  DGM a t  t he  lower temperature, although the increase in  t ray 
efficiency is less that  the uncertainty of the efficiency measurements. 

Table I compares the measured tray efficiencies for  H2S and SO2 a t  various operating conditions 
to the predictions of the Chan and  Fair  model [2]. The average absolute error of the tray-effi- 
ciency predictions is  9%. This  very good agreement with the  measured efficiencies provides 
encouragement for using the model to provide high-pressure tray efficiencies. 
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HYDROGEN SULFIDE ABSORPTION WITH CHEMICAL REACTION 

A. Calculations 

Hydrogen su l f ide  absorption rates were also measured f o r  the  case when H2S is absorbed and 
undergoes chemical reaction with SO2 dissolved in the solvent. All the reactive-absorption 
experiments were with excess SO2 (from about  2 to 7 times the stoichiometric equivalent). A 
homogeneous catalyst, 3-pyridyl carbinol (3-PC). was dissolved in  the solvent, DGM. to increase 
the reaction rate. The  catalyzed, irreversible, liquid-phase reaction between H2S and SO2 was 
found to be first-order i n  both reactants by Neumann [6] and  Crean [7]. Both Neumann and 
Crean found that the following rate expression f i t  their kinetic data. 

Rate = k2 [ H2S ] [ SO2 ] 

In  the present s tudy  the  ra te  expression of equat ion  17 was used i n  conjunct ion with the 
CSTR/tray design equation (eqn. 15) and the reactive-absorption rate data to calculate second- 
order rate constants a t  various catalyst concentrations, temperatures, and H2S feed rates. If the 
solvent feed to the tray contains no dissolved H2S, as was the case for all the reactive-absorption 
experiments, the  rate of H2S absorption (KaiHL) must equal the rate a t  which dissolved H2S 
leaves the tray in the exiting solvent plus the rate a t  which H2S is consumed by reaction on the 
tray. Equation 15 becomes 

Use of this equation requires knowledge of the concentrations of dissolved reactants on the tray. 
Because concentrations could not be measured in situ, the concentration of H2S on the tray was 
calculated f rom the t ray  efficiency for H2S. If  the inlet concentration of SO2 is known, the 
concentration of SO2 leaving the tray can be determined by mass balance. Since the rate of H2S 
absorption, tray hold-up, and solvent flow to the tray are measured quantities, equation 18 can 
be solved for the reaction-rate constant, k2. 

B. Reactive-Absorption Results 

1. Verificalion of Reaction-Rate Conslant 

Reactive-absorption rate data were collected at various temperatures, catalyst concentrations, and 
H2S feed rates. The concentration of dissolved SO2 in the solvent feed to the tray was approxi- 
mately 0.001 m.f. for all the reactive-absorption experiments, and the liquid and gas flows were 
constant a t  3.55 mole/min (6.97 cm3/s) and 8.57 mole/min (0.427 m3/m2-s) respectively. At each 
catalyst concentration and temperature combination, two absorption runs were done for an H2S 
feed rate of approximately 13.0 standard cubic centimeters per minute and two runs were per- 
formed with the H2S feed rate set to achieve a n  tray-inlet gas concentration of approximately 
1900 ppm. For  each run  the second-order rate constant was calculated by the procedure de- 
scribed above. The f i r s t  set of reactive-absorption experiments, a t  a catalyst concentration of 
0.015 M 3-PC and a tray temperature of 4OOC. returned a n  average second-order rate constant of 
11.2 liter/(mole-s). This value compares fairly well to the rate constant of 32 liter/(mole-s) that 
was measured at the same catalyst concentration by Neumann [a], who used an adiabatic batch 
reactor. Ext rapola t ing  Crean's d a t a  to 0.015 M 3-PC gives a second-order  r a t e  constant of  
20 liter/(mole-s). Crean's measurements were taken using a stop-flow apparatus connected to a 
UV-spectrophotometer. This fair agreement among data collected by very different techniques 
suggests that the method of calculating reaction-rate constants from the reactive-absorption data 
is valid. 

2. E/fecl o/ 3-PC Concentration on Reaction-Rate Consfanf 

Figure 2 shows the e f fec t  of catalyst concentration on the  ra te  constant a t  40OC. The second- 
order rate constants range from about IO liter/(mole-s) at 0.015 M 3-PC to about 80 liter/(mole-s) 
a t  0.030M 3-PC. The large error bars result from the uncertainty in the assumed tray efficiency. 

The relationship between rate constant and catalyst concentration is fairly linear as was found 
by Crean a n d  Neumann;  however, the  negat ive intercept does not agree wi th  the  in te rcept  
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through the origin which Crean’s data gave. 
catalyst concentration (eqn. 22). whereas this study found a higher order dependency. 

Crean also found a linear dependence of k2 on 

k2 = k3 [3-PCl0 (22) 

where the third-order rate constant, k3. does not vary with catalyst concentration. One possible 
mechanism that would f i t  this rate expression, although not confirmed, is tha t  H2S and 3-PC 
react rapidly and a r e  in equilibrium with the complex they form. The H2S-catalyst complex 
then reacts with SO2 in the rate-limiting step to form a second complex which reacts very rapid- 
ly with a physically dissolved H2S molecule to form sulfur and water. Crean’s data are, at least, 
consistent with this mechanism. Even though a proven reaction mechanism has not been found, 
the rate expression of equation 17 fi ts  the data fairly well and is simple enough to use easily in 
numerical calculations. 

3. E / / ec f  of Reaction on HzS  Absorption 

Figure 3 shows the relationship between HIS absorption rate and  reaction-rate constant a t  an 
assumed tray efficiency of 0.16. These data were taken a t  a tray-inlet gas-phase concentration of 
H2S of 1900 ppm. Even though the reaction is too slow to cause any enhancement in the liquid- 
phase mass-transfer coefficient, the reaction does provide significant improvement in the absorp- 
tion rate of H2S. It accomplishes this by lowering the bulk liquid-phase concentration of H2S, 
which results in a greater overall mass-transfer driving force between the gas and the bulk 
liquid. This same effect could be achieved in physical absorption by increasing the liquid flow 
rate to the level that  is necessary to achieve the same low concentration of H2S in the bulk 
liquid. For example, to achieve the same rate of absorption without reaction that was measured 
for reactive absorption with a rate constant near IO liter/(mole-s), the liquid flow would have to 
be increased by a factor of 2.4. The curve in the figure is from a simulation of a single sieve 
tray modeled as a CSTR and given the same feed conditions, liquid hold-up, and  tray efficiency 
as the sieve tray in the apparatus. The complex between H2S and 3-PC was also considered in 
the model. The two dashed curves represent the uncertainty in the assumed tray efficiency and 
provide upper and lower bounds for k2 at a given absorption rate. 

SUMMARY 

The tray-efficiency model of Chan and  Fa i r  adequate ly  predicts, to wi th in  about  10%. the 
measured physical-absorption tray efficiencies for H2S and SO2 a t  low pressure (122 kPa). These 
correlations will be used to predict tray efficiencies a t  the high pressures tha t  will be used in 
designing the primary absorber of the UCBSRP. 

A second-order rate expression (first-order in both reactants) and  a CSTR-model for  the  sieve 
tray were used to calculate second-order rate constants from the reactive-absorption data for H2S 
absorption on a sieve tray. The method gave rate constants that  were in fa i r  agreement with 
values that were determined in other studies 16, 71. The rate constant increases steeply with 
catalyst concentration, and a rate constant of 100 liter/(mole-s) should be easily achievable at a 
low catalyst concentration (near 0.03 M). The reaction is too slow to cause enhancement of the 
liquid-phase mass-transfer coefficient; nevertheless, a substantial improvement in H2S absorption 
rate occurs because the reaction lowers the bulk concentration of dissolved H2S. This is the 
same effect as seen in physical absorption when the liquid flow rate is increased. Although the 
rate data that were collected in this study do not f i t  the proposed rate expression as well as the 
data of Neumann and Crean, the expression should be adequate for modeling and design of the 
primary absorber. 
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Temp. 
OC 

so2 
40 
40 
40 

HZS 
3 0  
4 0  
50  

Table 1: Comparison of Experimentally-Determined 
Tray Efficiencies to Predicted Efficiencies 

( V=8.60 mole/min, P=122 kPa ) 

Liq. Flow weir ht. measured predicted 
rnole/rnin cm Emv Emv 

1.62 1.91 0.50 0.48 
1.62 2.54 0.50 0.54 
3.55 2.54 0.59 0.54 

3.55 2.54 0.18 0.20 
3.55 2.54 0.16 0.18 
3.55 2.54 not 0.17 

determined 

error 

- 4.0% 

- 8.5% 
8.0% 

1 1 . 1 %  
12.5% _ _ _ _  

Figure 1: UCBSRP Configuration for High H2S Selectivity 
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HYDROGEN SULFIDE OXIDATION BY NAPHTHOQUINONE COMPLEXES 
THE HIPERION PROCESS 
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ABSTRACT: Removal of hydrogen sulfide from gas streams has historically been achieved 
using a variety of oxidizing agents, including various quinone/metal combinations and iron 
chelates. Because of its high redox potential, naphthoquinone can be the basis of a highly 
efficient catalyst system which lends itself to commercial application in an uncomplicated 
equipment configuration. Both the Hiperion process and its predecessor, the Takahax process 
(used widely in Japan), make use of naphthoquinone complexes to effectively oxidize hydrogen 
sulfide to elemental sulfur. The hasic chemistry of the process involves oxidation of hydrogcn 
sulfide by a catalyst containing a naphthoquinone/metal complex and re-oxidation of the 
catalyst by air. This chemistry takes place either in a single absorber/oxidizer column when air 
is present in the gas or in separate absorber and oxidizer columns for sour gas. Commercial 
Hiperion units are  currently treating refinery gas streams and digester biogas at three locations 
in the United States. In addition, the process has been demonstrated in pilot plant operation 
on coal-derived synthesis gas as well as various sour air streams. 

Historical Development 

During the late lSOOs, producers of town as in England became concerned with the 
detrimental effects which hydrogen sulfide h a t  on equipment in which their gas was burned. 
An early attempt at removing the hydrogen sulfide involved passing the gas through beds 
containing hydrated ferric oxide supported on a media such as wood chips (known as iron 
sponge). The ferric oxide reacted with the H2S to form ferric sulfide. These beds could in 
turn be purged with air to oxidize the ferric sulfide to elemental sulfur and ferric oxide, which 
could be used to react with additional H2S. Although this method was relatively effective i n  
removing hydrogen sulfide, it required large plot areas and was very labor intensive. When the 
bed became completely spent, it was necessary to manually remove and dispose of the iron 
sponge. This process was made especially difficult by the pyrophoric nature of the spent 
material. 

The next step in the evolution of H2S removal processes involved a variety of liquid contacting 
processes. Some of these involved chemistry similar to that employed in the iron sponges, i.e., 
suspension of iron oxide in an alkaline solution such that reactions similar to those i n  the iron 
sponge could occur. Others involved scrubbing with solutions containing various oxygen 
carriers such as thioarsenates, polythionates, iron-cyanide compounds, and various organic 
compounds. Many of these found some commercial application but others were either too 
specialized in application or not commercially viable. 

The current generation of hydrogen sulfide removal rocesses began when it was discovered in 
the 1920's that certain organic compounds used in t i e  dye industry were effective in oxidizing 
hydrogen sulfide to elemental sulfur. Several processes using various materials derived from 
the dye industry were developed in the following decades. These processes, known as liquid 
redox processes, employed successive cycles of oxidation of hydrogen sulfide by a catalyst 
containing an oxidizing agent followed by re-oxidation of the catalyst with air. 

- 
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Work conducted in the 1950s by the Clayton Analine Company, Ltd. in conjunction with the 
Northwestern Gas Board of England resulted in the discovery that various quinone compounds 
were effective oxidants for H2S. These compounds, shown in Figure 1, which included 
derivatives of benzoquinone, duro uinone, naphthoquinone, and anthraquinone, had the 
ability to react with hydrogen su%de to form the respective hydroquinone along with 
elemental sulfur. The hydroquinone could in turn be oxidized with air back to the quinone 
form. This work resulted in the development of the original Stretford process which used 
anthraquinone di-sulfonic acid (ADA) and which was subsequently applied in several 
commercial applications. However, the kinetics of the ADA/H2S reaction were sufficiently 
slow that large circulation rates and liquid inventories were required. The process was 
subsequently enhanced by the addition of vanadium salts which significantly increased the 
kinetics of the reaction and permitted a reduction in circulation rates and liquid inventories. 
In the modified process, hydrogen sulfide was oxidized by vanadium and the ADA served as a 
catalyst for the re-oxidation of the vanadium. 

Concurrent with the research on ADA and the development of the Stretford process in 
England, work on other quinone compounds was being conducted in Japan under the 
sponsorship of Tokyo University and the Tokyo Gas Council. The objective of this research 
was to develop a hydrogen sulfide oxidation process which would avoid the problems of 
existing processes (such as side reactions which required a liquid purge and the use of heavy 
metals), be more efficient, and be tailored to the needs of Japanese industry. The results of 
this research were used to develop the Takahaw process, which uses 1,4 11aplithoquinone-2- 
sulfonic acid as the active agent in the catalyst. This corn ound has a redox potential which is 
more than double that of anthraquinone di-sulfonic acid, Prefer to Table 1) and thus promotes 
rapid conversion of H?S to sulfur without the addition of vanadium or other toxic chemicals. 
The Takahax process is currently in use at over 200 installations in Japan, with applications 
ranging from coke oven gas to municipal digester gas. 

Following the commercialization of the Takahax process, work with naphthoquinone was 
continued, and improved methods for synthesis of both 1,4 Naphthoquinone and 1,4 
Naphthoquinone-2-sulfonic acid were developed. Further research resulted in  the 
development of a naphthoquinone/metal complex or chelate which permits an increased rate 
of re-oxidation of the catalyst after reaction with H2S and therefore results in a significant 
reduction in reaction residence time requirements as compared to Takahax or other liquid 
redox processes. This improved process, which is known as the Hiperion process, has been 
commercialized in the United States and is now in commercial operation at three locations. 
This paper will discuss the chemistry and flow scheme of the Hiperion process and will review 
operating results covering a wide range of H2S removal applications in both the commercial 
and pilot plant operations. 

HiDerion Chemistry 

The basic reactions for liquid phase oxidation of hydrogen sulfide, with the subsequent 
reoxidation of the catalyst is similar for all liquid redox processes. The hydrogen sulfide is first 
dissolved in an alkaline solution where it dissociates to a bisulfide ion and a proton: 

H2S --> HS- + H +  

This reaction is, of course, pH dependent. At pH below 7, the undissociated H2S is the 
predominant species, and above pH=9 the S'ion predominates. Since the oxidants used in 
these processes react with the H Y  ion, it is critical that pH be maintained in the range of 8-9. 
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In the Hiperion process, the HS- ion is oxidized by the naphthoquinone chelate to elemental 
sulfur and the quinone is reduced to the hydroquinone form: 

NQ:Chelate + 2HS' --> HNQ:Chelate + 2S0 

The hydroquinone chelate is subsequently reacted with oxygen in atmospheric air to form the 
quinone chelate and hydrogen peroxide: 

HNQ:Chelate + 0 2  --> NQ:Chelate + H202 

Since hydrogen peroxide is an extremely active oxidation agent, it quickly reacts with any 
residual HS' to form sulfur and water: 

H202 + 2HS'--> 2H20 + 2S0 

As discussed later in the description of the Hiperion process flow scheme, the oxidized 
quinone chelate is returned to the absorber column to further react with hydrogen sulfide. 

This description of Hiperion chemistry is obviously very rudimentary and does not address the 
questions of reaction mechanism or the exact nature of the na hthoquinone complex which 
participates in the redox transfer and results in the reduction of $drogen sulfide to elemental 
sulfur. Although a great deal of research has been done into the chemistry of various liquid 
redox processes, a great deal remains to be learned. The research which has led to the 
development of the Hiperion process is largely empirical rather than fundamental, and the 
thrust of this paper is to describe the results of commercial and pilot plant operations usin the 
Hiperion system. Examination of the fundamental chemistry of the process will be l e i  for 
future papers. 

Mass Transfer Packing 

Since the reactions involved in the Hiperion process occur virtually instantaneously, the 
reaction of hydrogen sulfide with the naphthoquinone chelate is limited by mass transfer 
considerations. Thus effective mass transfer equipment is critical to effective operation of the 
process. An additional factor in the development of the process was the inherent tendency of 
solid elemental sulfur to adhere to any available surface. Thus the development of the 
Hiperion process also involved the development of a packing medium which would provide 
effective mass transfer and inhibit plugging. The packing consists of finned hollow balls which 
rotate and become partially fluidized as gas and liquid pass countercurrently through the beds. 
This mode of operation provides for effective mass transfer as well as inhibiting the settling of 
sulfur which would result in plugging in the beds. These "windy balls" have been tested in 
various pilot plant operations and are currently in use in the commercial Hiperion units. 

Process Description 

The flow scheme of the Hiperion process, which is similar to that of other liquid redox 
processes and is illustrated in Figure 2, includes two main reaction vessels- an absorber in 
which the hydrogen sulfide in the gas is reduced to sulfur by contact with the catalyst and an 
oxidizer in which the catalyst is regenerated. Equipment is also provided for separation of the 
solid sulfur from the catalyst. 
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Sour gas enters the bottom of the absorber column and flows upward through a series of beds 
of "windy balls" where it is contacted by downflowing catalyst, and the H2S is oxidized to solid 
elemental sulfur which is carried off with the liquid catalyst. The sweet gas then passes out of 
the absorber and to downstream use as dictated by the specific application. The spent catalyst 
from the absorber flows into a settling vessel where a portion of the suspended sulfur is settled 
out and a the liquid overflow is pumped to the top of the oxidizer column. In the oxidizer, the 
catalyst is contacted over beds of wndy balls with air which is introduced by a blower at the 
bottom of the column. The spent catalyst is thereby regenerated to the naphthoquinone 
chelate form , and residual H2S dissolved in the catalyst is oxidized to sulfur by hydrogen 
peroxide which is formed in the oxidation reaction. Vent gas from the oxidizer can be 
discharged to atmosphere or used as combustion air in a furnace or other device. 

Periodically, the sulfur which has settled to the bottom of the settler vessel is withdrawn and 
pumped through a plate and frame filter press where the sulfur is removed and the filtrate is 
returned to the process. The filter cake from the rocess is 95-98% sulfur. It contains no heavy 
metals or hazardous constituents and is suitable &r disposal in a Class I1 landfill or for further 
purification and sale. 

After filtration, the filter cake is water washed and air blown to minimize catalyst losses. The 
wash water is returned to the system where it serves as a primary source of makeup water to 
replace that lost by evaporation. Catalyst lost with the filter cake is replaced by addition of a 
small amount of catalyst concentrate after each filtration cycle. The only other chemical 
makeup requirements consist of a small amount of alkaline solution for pH control. 

As with other liquid redox processes, the Hi erion process operates at ambient temperature 
and is capable of operating at the full range olnormal industrial operating pressures. 

Commercial Aoplication 

The two naphthoquinone based liquid redox processes, Takahax and Hiperion, have been 
applied commercially to a wide variety of hydrogen sulfide removal applications, both in Japan 
and in the United States. As shown in Table 2, Takahax plants are currently being used in 
Japan for hydrogen sulfide removal from coke oven gas, coal derived gas, town gas, and 
digester gas. These plants treat gas streams ranging from 2 MMSCFD to over 200 MMSCFD 
and containing from 700 ppm to 10% hydrogen sulfide. In the United States, the Hiperion 
process has been commercially applied in oil refinery and municipal digester gas services. In 
addition, the Hiperion process has been demonstrated on a pilot scale in treating coal derived 
gas, geothermal gas, offgas from rayon manufacture, and air contaminated with H2S (see 
Table 3). 

Hydrogen sulfide removal has become an increasingly important consideration to petroleum 
refiners as environmental restrictions are tightened and as economic and supply considerations 
dictate a shift to higher sulfur feedstocks. In order to provide the required hydrogen sulfide 
removal capability, two refiners in California have installed Hiperion units to treat sour gas 
streams resulting from processing high sulfur crudes. 

The first commercial application of the Hiperion rocess in the United States was in an 
asphalt refinery where it is part of an indirect metgod for removing hydrogen sulfide from 
heavy gas oil (see Figure 3). Heavy gas oil from vacuum distillation is stripped of hydrogen 
sulfide in a trayed column by a recirculating stream of nitrogen. The H2S laden nitrogen 
stream is then fed to the Hiperion absorber column where the H2S is converted to sulfur. The 
treated nitrogen stream is then recirculated back to the vacuum gas oil stripper for further 
sulfur removal. The unit was designed for a nitrogen flow rate of 200 scfm at 20 psig with an 
H2S concentration of 4,000 ppm. However, after being put into service, the H2S concentration 
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of the nitrogen increased to between 10,000 and 20,000 pm. With design modifications to 
accommodate the increased sulfur loading, the unit has !,en operating for over three years 
and has removed over 40 tons of sulfur annually. 

A Hiperion unit has recently been installed in a second refinery application where the treated 
stream is a low volume, relatively high H2S hydrocarbon vent as stream originating from the 
overhead system of a vacuum distillation column (see Figure 47. Because of the low flow rate 
of the sour gas (less than 50 scfm) and the high design H2S concentration (greater than lo%), 
this unit was designed with a recycle stream of treated gas which mixes with the incoming sour 
gas. This approach reduces the concentration of H2S entering the absorber column and 
thereby improves removal efficiency and reduces the tendency of sulfur to deposit in the 
absorber. The treated gas from this unit, which contains lcss than 100 ppm of H2S, is used as 
fuel gas in a refinery furnace. 

Hydrogen sulfide removal is also a critical issue in municipal wastewater treatment plants 
where environmental regulations dictate removal of H2S from anaerobic digester gas prior to 
flaring or use in gas engines. As part of a major modernization program, a municipal treatment 
plant in the southwestern U.S. has recently installed a digester gas treatment and recovery 
system which includes a Hiperion unit and which will permit compliance with environmental 
restrictions as well as  providing improved energy recovery. A schematic diagram of this 
application is shown in Figure 5. 

In the treatment plant, digester gas, which is composed of approximately equal amounts of 
carbon dioxide and methane, is enerated at a rate of between 100 and 450 scfm and contains 
between 1,000 and 2,500 ppm of H2S. Because of the variability of the flow rate, the gas is 
stored in a constant pressure vessel upstream of the Hiperion unit and a portion of the treated 
gas from the Hiperion absorber is recycled back to the same constant pressure vessel. A low 
pressure gas blower is used to rovide the small amount of pressure required to overcome 
pressure loss in the gas system. 8as equal in volume to the net gas input is withdrawn from the 
treated gas stream and compressed for use in gas engines within the plant. This unit reduces 
hydrogen sulfide in the gas to less than 100 ppm (generally less than 20 ppm) and produces 
between one and two tons of sulfur filter cake per month. The filter cake from this plant is 
disposed in the same landfill which receives sludge from the treatment plant. 

Pilot Plant Exuerience 

In addition to those industries described previously where the Hiperion process has been 
applied commercially, many other industries have similar hydrogen sulfide removal 
requirements which can be met by the process. Pilot plant work demonstrations of the process 
have been successfully conducted in a number of these industries. 

Steam from geothermal sources provides a major resource for power generation, but in order 
to utilize this resource, effective means must be provided to remove the hydrogen sulfide 
associated with geothermal steam. After power has been extracted from the steam, the H2S is 
concentrated in the remaining non-condensible vent gas. Application of the Hiperion system 
to this service has been demonstrated in field pilot plant tests. Vent gas containing 10% H2S 
was reduced to less than 100 ppm. 

Another area where the Hiperion process can meet sulfur removal needs is in contaminated 
air streams in municipal treatment plants and other industrial applications. Removal of 1-12s 
from a variety of contaminated air streams has been demonstrated by a single column pilot 
plant. Since the air required for oxidation of the catalyst is contained In the air being treated, 
a separate oxidation column is not required. Both oxidation of hydrogen sulfide and oxidation 
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of the catalyst take lace in a single vessel. Pilot plant operations on three separate sour air 
streams containing 80, 100 to 5,000 ppm of H2S has successfully been demonstrated using 
the single column pilot plant. 

Manufacture of rayon is another industry were removal of hydrogen sulfide from a n  air stream 
is required in order to meet environmental requirements. Hydrogen sulfide and carbon 
disulfide are both released from the acid bath in which the rayon is produced. In response to 
this need, a single column Hiperion pilot plant was constructed and o erated to demonstrate 
H2S removal in this service. Sour air in this application was consistent{ reduced from an inlet 
concentration of 1,400 ppm to an outlet concentration of less than 10 ppm. 

The Hiperion pilot plant operation which relates most directly to coal gasification was 
conducted at the Great Plains coal gasification facility in Buleah, North Dakota. The acid gas 
from the Rectisol system, which is primarily COz, must be treated for H2S removal prior to 
discharge to the atmosphere. Inasmuch as the original treatment system installed at the plant 
was plagued with operating problems, the plant initiated a pilot plant program to seek a means 
of improving the operation of the existing H2S removal system or converting it to another 
system. During a two month test program, the Hiperion process successfully demonstrated its 
ability to remove H2S from streams which were otherwise pure CO H2S in the gas was 
reduced from inlet levels of 1% to outlet levels of less than 100 ppm ?Figure 6) .  In addition, 
the pilot plant operation successfully demonstrated the effectiveness of the windy ball packing 
in eliminating plugging of the absorber bed as a major operating problem. 

As described above, the various commercial installations and pilot plant operations of the 
naphthoquinone based Hiperion process (and its predecessor, the Takahav process) have 
demonstrated the effectiveness of this technology as a tool for removing hydrogen sulfide from 
gas streams originating from a variety of industrial and municipal sources. The simplicity and 
effectiveness of the process make it an excellent candidate in any application requiring 
removal of hydrogen sulfide from a gas stream. 
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TABLE 1 

TYPICAL QUINONE REDOX POTENTIALS 
(Eo at 25OC) 

o Benzoquinone 0.787 
p Benzoquinone 0.699 
3,4 Phenanthrequinone-1-sulfonic acid 0.677 
1,2 Naphthoquinone-4-sulfonic acid 0.625 
1,4 Naphthoquinone-2-sulfonic acid 0.535 
9,lO Anthroquinone-2-sulfonic acid (ADA) 0.187 

TABLE 2 

TAKAHAX APPLICATIONS 

Town Gas 
Coke Oven Gas 
Digester Gas 
Chemical Waste Gas 
Flue Gas 
Manufactured Gas 

Capacit Range 
MCJD 

1.5 - 11.5 
1.9 - 239 
1.0 - 14.4 
0.1 - 9.6 

62.2 
7.7 

- H2S Content 

700 - 10,500 ppm 
2,100 - 3,500 ppm 

1.7% - 2.8% 
0.5% - 10% 
1,400 pprn 
7,000 pprn 

TABLE 3 

HIPERION PILOT PLANT APPLICATIONS 

Industry Service - H7S Concentration 

Rayon Manufacture Sour Gas 1,400 pprn 
Geo Thermal Vent Gas 10% 
Municipal Treatment Plant Sour A i r  300 ppm 
Sulfur Manufacturer Sour A i r  700 ppm 
Coal Gasification Acid Gas 1 Yo 
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FIGURE 1 
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FIGURE 6 

HIPERION PILOT PLANT 
COAL DERIVED GAS 
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INFLUENCE OF COAL TYPE AND DEVOLATILIZATION CONDITIONS 
ON SULFUR EVOLUTION DURING COAL PYROLYSIS 

M,. R a s h i d  K h a n ,  M .  8 .  N a j j a r ,  T .  C h a k r a v a r t y '  and P.  Solomon- 
T e x a c o ,  Inc . ,  P .  0.  Box 509 

B e a c o n ,  NY 12508 

+ B e c h t e l  C o r p o r a t i o n ,  H o u s t o n ,  TX 77252 
A d v a n c e d  Fuel R e s e a r c h ,  E.  Eartford, CT 06118 ++ 

ABSTRACT 

Coal derived products via gasification constitute an attractive 
alternative source of clean fuels and power compared to 
pulverized coal combustion. It is well-known that 
devolatilization of coal is the most important event in the 
initial stages of all coal conversion processes including 
gasification. Low- and high-sulfur coals were devolatilized in a 
number of reactors at various peak temperatures. In addition, a 
brief review of the available l iterature data i n  t h i s  area has 
been performed. The results obtained in this study provide 
further insights regarding the dependence of the nature of sulfur 
products evolved during devolatilization on feedstock type. 

INTRODUCTION, BACKGROUND AND OBJECTIVES 

A fundamental understanding of the physical and chemical 
transformation of the sulfur present in coal during 
devolatilization is essential for effective utilization of large 
reserves of high sulfur coal present in the United States. Coal 
devolatilization is a key step in various conversion processes 
including gasification. The organic and inorganic constituents 
of coal undergo significant changes during devolatilization. The 
extent of these changes depends on the peak devolatilization 
temperature, heating rate, gas atmosphere, and most importantly, 
coal type. 

The thermal decomposition of inorganic and organic sulfur in coal 
forms primarily HzS, S,O2( CSz, S2, and CHsSH, depending on the 
devolatilization conditions used. Snow (1932) investigated the 
conversion of coal sulfur to volatile sulfur at various 
temperatures and in streams of various gases. In these 
experiments, Illinois No. 6 coal was heated under flowing gases 
(Hz, Nz, C02, CHb, CzH4, and steam) at both slow and (relatively) 
rapid heating rates. Snow noted that.under inert atmospheres, 
the first traces of H2S appeared at about 200°C and that the H2S 
that evolved prior to 27OoC account for 0.1 percent of total coal 
sulfur. Snow demonstrated that the maximum desulfurization 
achievable under the conditions tested (slow heating rate, 
10°C/min; "long11 residence time at the peak temperature) is about 
50 percent, and this value is essentially reached by 600 OC. 
Snow also demonstrated that 10 percent of the total coal sulfur 
is eliminated at 36OoC. 
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In the Texaco Coal Gasification Process (TCGP), devolatilization 
of coal occurs in the presence of oxygen. Consequently, it is of 
interest to better understand the influence of oxygen atmosphere 
on sulfur evolution. Groves, et al. (1987), studied the 
decomposition of mineral pyrite in air, 2 percent OZ/N2, and pure 
N2 atmospheres. In these experiments, commercially available 
samples of mineral pyrite were finely ground and pelletized. The 
pellets were than placed in a vertical tube furnace with flowin2 
gas atmospheres, and heated for 15 min at temperatures from 300 C 
to l,lOO°C. The decomposition products were analyzed by X-ray 
diffraction. The results show that pyrite was stable up to 45OoC 
an8 completely UecomposeU to form pyrrhotite at 70OoC. The 
pyrrhotite thus formed was stable up to l,OOO°C. Above l,OOO°C, 
the pyrrhotite decomposed to form magnetite. The authors also 
investigated the decomposition of mineral pyrite in a 2 percent 
Oz/N2 atmosphere. The authors claim that this atmosphere 
resembles that of a boiler furnace. In the oxiUizing atmosphere 
pyrite began to Uecompose at 35OoC to form pyrrhotite and 
haematite. More pyrrhotite and less haematite was formed under 
these conditions than in an air atmosphere. The final traces of 
pyrite were detected at 900°C. 
detected at 900°C; above this temperature, haematite steadily 
decreased while magnetite steadily increased. 
magnetite was the major species present with only trace amounts 
of pyrrhotite and haematite deteched. They also demonstrate that 
pyrite decomposed to yield pyrrhotite, magnetite and haematite. 
As the partial pressure of oxygen is decreased, pyrrhotite 
becomes stable over a larger temperature range, and magnetite is 
preferentially formed over haematite. 

Devolatilization of coal in the TCGP is also influenced by the H2 
atmosphere present in the gasifier. Yergey, et al. (1974), 
performed nonisothermal kinetic studies on the 
hydrodesulfurization of coal and mineral pyrite. In these 
experiments, hydrogen was passed over a finely ground bed of coal 
placed in a quartz reaction tube. 
furnace, and the temperature increased at heating rates that 
varied from 1°C/min to 100°C/min up to temperatures in the range 
of 27 to 1,027OC. The gas product residence time in the sample 
bed was determined to be on the order of 7.5 x sec. The 
gases evolved were analyzed by a mass spectrometer. The authors 
concluded the following: (a) the low-temperature H2S peak at 412' 
C associated with two super-imposed organic sulfur removal 
processes designated as organic I and organic 11; (b) H 2 S  
evolution peaks observed at 517OC and 617OC associated wlth the 
decompostion of pyrite and iron sulfide; 
beginning at 521C and centered at 657OC associated with 
hydrodesulfurization of more stable organic sulfur species 
designated as organic 111. 

Calkins (1987) flash pyrolyzed various coals to determine the 
conversion and distribution of products for comparison with data 
obtained using model compounds. Based on an exhaustive study the 
following conclusions were drawn: aliphatic and benzylic 

A maximum amount of haematite was 

At l,lOO°C, 

The tube was then placed in a 

(c) H2S evolution peaks 
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sulfides, mercaptans and disulfides are evolved at relatively low 
temperatures (70OoC to 85OOC); aromatic sulfides and mercaptans 
require much higher temperature (900OC) to give high yield of 
H2S; thiophene and its derivative show low yield to H2S even at a 
temperature as high as 900°C. 

Khan (1989a) developed models to predict the distribution of 
sulfur in the products based on pyrolysis data for 32 different 
coal samples devolatilized in a fixed-bed reactor. Khan observed 
that the total sulfur content in the pyrolysis products at 500°C 
could be correlated to the total sulfur (weight percent of 
original coal) content. Khan also investigated the influence of 
the peak devolatilization temperature on sulfur evolution during 
the pyrolysis of a Pittsburgh No. 8 coal. The relationships are 
as follows: 

Total sulfur in gas = 0.31 x SCQaI 
[R' = 0.93, F = 425, P = 0.00011 

Total sulfur in tar = 0.06 x Scoal 
[R2 = 0 . 8 5 ,  F = 175, P = O.OOOl] 

Total sulfur in char = 0.61 x ScOal 
[R' = 0.98, F = 1,475,  P = 0.00011 

where, R2 = coefficient of determination 
F = mean square of the model divided by the mean 

P = significance value: P < 0.05 = significant 
square of the error 

One of  t h e  above correlat ions was applied to predict  the 
d is tr ibut ion of  su l fur  i n  the condensable fract ion of  the 
proaucts generated by a fixed-bed g a s i f i c a t i o n  process.  For the 
Pittsburgh lo. 8 coal ,  the predicted percent was 6 percent,  which 
compared w e l l  with the estimated sul fur  content ( 5  percent) based 
on the DOE/METC data from the 42-inch fixed-bed g a s i f i e r .  This 
finding confirms that  the fixed-bed pyrolyzer u t i l i z e d  by Khan 
provided a reasonable simulation of the top portion of  a fixed- 
bed g a s i f i c a t i o n  process.  

Khan (1989a) also performed a multivariate analysis to understand 
the role of sulfur type (e.g., pyritic versus organic) on their 
distribution. Multivariate analysis demonstrated that the organic 
sulfur content of coal plays a stronger role in determining the 
sulfur content of tar or gases. The pyritic sulfur content of the 
coal on the other hand plays a key role in determining the sulfur 
content of the char, at the low-temperature devolatilization 
conditions. With the increase in the peak devolatilization 
temperature, however, the gaseous sulfur yield increases at the 
expense of char sulfur. A summary of the correlations developed 
by Khan is presented in Table 1. 

The objectives of this study are to achieve a better 
understanding of the chemistry of sulfur evolution by (a) 
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extending the data base over that previously used (Khan 1989a) 
for coal devolatilization, and (b) utilization of advanced 
statistical techniques for data analyses. 

EXPERIMENTAL 

The details of experimental procedures used in this study are 
available in the numerous reports published in the literature. 
The information on devolatilization of coal in a fixed-bed 
reactor has been described by Khan (1989a, 198913). A selected 
number of coals investigated by Khan were also characterized by 
Curie-point pyrolysis/mass spectrometric (MS) technique at the 
University of Utah. Curie-point pyrolysis/mass spectrometric 
technique has been described by Chakravatry et a1 (1989a, 198913). 
During the early 1980s Texaco Inc. commissioned Advanced Fuel 
Research (AFR) to investigate the devolatilization behavior of a 
number of coals of interest to Texaco using the AFR's heated-grid 
technique. In this report devolatilization data on these coals, 
particularly information on heteroatoms evolved during 
devolatilization are provided: additional analyses on these data 
will be reported separately. Information on the heated-grid 
technique has been widely reported in the literature (e.g., 
Solomon and Hamblen, 1985). 

RESULTS AND DISCUSSION 

Pvrolvsis of coal in a fixed-bed reactor and comuarison with 
curie-uoint uvrolvsis/mass spectrometric results 

Table 2 summarizes the intensity data of selected masses (chosen 
to contain sulfur containing molecules) in the spectra of 
pyrolyzed coals (in-situ in the Curie-point pyrolyzer) evaporated 
tars and the different forms of sulfur analyzed in fifteen neat 
coal samples. The coals selected are part of a larger set of data 
used for statistical analyses performed by Khan (1989a). 

In order to sort out the fifteen coals in terms of their 
underlying sulfur forms (organic, pyritic, and sulfate), factor 
analysis was performed (figure not shown). For the data set 
considered, samples 6, 8 ,  and 19 contain significant amounts of 
organic sulfur. Samples 2, 16, 17, and 24 are relatively high in 
pyritic sulfur (all of them are Eastern coals) and PSOC 1323 (IL 
#6, hvBb) stands alone as the one with relatively high sulfate 
sulfur. The rest of the seven coals are not high in any form of 
sulfur. In order to achieve a better understanding of how 
different forms of sulfur influence the composition of sulfur 
containing molecules in the products, canonical correlations were 
performed between the MS data sets on the coal and tar samples 
listed in Table 2 .  Details of this procedure are provided 
elsewhere (Chakravarty, Khan and Mauzelaar, 198913). Canonical 
correlation assesses the relationship between two or more sets of 
factors (independent characteristic directions in a data set) on 
the basis of accounting for a maximum overlap between the two 
sets of underlying variables. Two significant canonical variates 
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(correlation coefficient >0.9) were found describing respectively 
64% and 58% of the variance in the coal and the tar sets. 
Figures 1 and 2 describe the sample scores in the space of 
canonical variate 1 (CVl) and variate 2 (CV2) .  As we can see the 
two score plots are alike in terms of their topography (relative 
location of samples in the space). This means that with respect 
to the underlying variables (Table 2), the coal samples and the 
corresponding tars are similar. In other words, the distribution 
of the twelve sulfur variables will be similar in a tar from a 
given coal. 

The following observation was also aided by numerically extracted 
spectra. Specifically, we observed that more thiophenes, 
thionaphthenes and dibenzothiophenes are present in hvAb coals 
(group of samples at the bottom left marked by circle: Figure 1) 
and are transfered to the corresponding tars. Our data confirm 
that coals with high organic sulfur contribute to high aromatic 
sulfur. This finding, however, is based on a limited data set. 
Based on the same arguments, the gases (noncondensables at the 
temperature of MS detector, close to room temperature) from the 
hvAb coals are expected to contain more aromatic sulfur. Unlike 
the hvAb coals, the lower rank coals have characteristically 
lesser m/z 184 (dibenzothiophene) than m/z 134 (thionapthenes). 

The tars from the lower rank coals (hvCb) [Figure 2 1  show 
predominantly more hydrogen sulfide, mercaptans and elemental 
sulfur, except for the I L # 6  (hvBb) coal which yields less 
hydrogen sulfide. For all these coals we note relatively greater 
amounts of alkyl sulfides. IL #6 coal differs from other lower 
rank coals in that it also has a high proportion of sulfate 
sulfur. 

Devolatilization of coal usins a heated-srid reactor 

Tables 3 and 4 provide a summary of results regarding the 
pyrolysis products generated using a heated-grid reactor. 
Characterization data such as these are of interest as these 
coals have been gasified in large scale at the Texaco Coal 
Gasification Processes (at the Montebello Research Lab and at 
Cool Water). One obvious conclusion that can be made regarding 
these results is that the yield of gaseous sulfur products from 
the Sufco coal is significantly lower than that observed for the 
Illinois No. 6 coal. Additional analyses of these results will 
be presented in a future report when further information on 
sulfur chemistry is generated. 

SUMMARY AND CONCLUSIONS 
0 

The following conclusions can be drawn based on this study: (a) 
Advanced statistical techniques appear to be useful to classify 
coals according to their sulfur type (shown by factor analysis). 
(b) CV1 and CV2 (results of canonical correlations) space of the 
pyrolyzed coal and evaporated tar samples indicate that the 
sulfur distribution relationships between the coals and the 
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corresponding evaporated tars prepared from the same coals in a 
fixed-bed reactor follow similar patterns. (c) The upper block 
Indiana Coal (No. 18, sub-bituminous A), although a lower rank 
coal, is different in terms of its sulfur constituents than the 
other (Nos. 8 ,  19, 23) lower rank coals. (d) The IL#6 (No. 23; 
hvAb) coal with high pyritic and sulfate sulfur also has high 
hydrogen sulfide content in the pyrolyzed coal and relatively low 
hydrogen sulfide in the evaporated tar spectrum. (e) Relatively 
more thiophenes, thionaphthenes and dibenzothiophenes are present 
in the hvAb coal and are transfered to the corresponding tars. 
(f) Results indicate that all lower rank coals have less 
dibenzothiophenes (m/z 184) than thionapthene (m/z 134), unlike 
hvAb coals, and more elemental sulfur. (9) The tars from high 
volatile coals (hvAb) coals appear to contain lower amounts of 
aromatic sulfur whereas the tars from the low volatile (hvCb) 
coal appear to have small amounts of alkyl sulfides. Additional 
analyses on the influence of devolatilization conditions on 
sulfur evolution will be presented in a future report. 
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Table 1 Influence of C o a l  Sulfur Type on sulfur Distribution 
in Products 

Inf luence of Coal Sulfur  Type on Sulfur 
D i s t r ibu t ion  i n  Gaseous Products 

F - 
0 . 6 8  

I 0.63 (Coalorgs) 0 . 8 6  

c 0 . 2 2  (Coal ) + 0.46  (Coalorgs) 0.96  

PYS) Tota l  Sulfur  i n  Gas E 0.43 (Coal 

PYS 

[H2S] I 0.36  (Coal ' 1 PY s 
E 0 . 5 3  (Coalores) 

0.17 (Coal ) + 0.40  (Coalorss) 
PYS 

0.65  

0 . 8 6  

0 . 9 4  

[cos]  I 0.071 (Coal 1 0.75  

0.095 (Coalorgs) 0 . 8 1  

5 0.040 (Coal + 0.063 (Coalorss) 0 . 9 6  

PYS 

PYS , 

Inf luence of Coal Sulfur Type on 
Su l fu r  D i s t r ibu t ion  i n  Tar 

To ta l  Su l fu r  i n  Tar  E 0.0128 (Coal 0.58  
PYS 

t 0.123 (Coalores) 0.82  

6 0 .034 (Coal ) + 0.095 (Coalotgs) 0.88 
PYS 

Inf luence of Coal Su l fu r  Type on 
Sul fu r  D i s t r ibu t ion  i n  Char 

- 
R2 - 

Total  Sulfur i n  Char 2 0 .95  (Coal 0.88 
PY s 

E 1.09 (Coalorgs) 0 . 6 9  

E 0 .70  (Coal + 0 . 5 3  (Coalorgs) 0.98  
PYS 
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T a b l e  4 

S U W Y  O F  PYROLYSIS YIELDS IN HGR FOR SUFCO (VI% OF DRY COAL) 

S u F C O  510" Pyrolysio 

nun I 

Peak lemperature ('C) 
Hold ? h e  (sec)  
l i e a t i n g  Rare ( " C i s e c )  
Pre**"re 

Flow Rare ( t h i n )  
Mesh Size 

Geometry 

Sample Am0""L (mg) 

29 
G r i d  
1000 

0 
5 

I ATX 
148.5 

7 
(40-60) 

PYROLYSIS OISTRIBUTIOII 

Char 65.5 
Tar 2.3  
Dry Gab 16.2 
Water 1.8 

Tar + Hissing 16.5 
X*Pi"g 14.2 

GAS COMPOSITION 

CI I  2.56 

5 5.2 

Ethylene 0.16 
Ethane 0.54 

Benzene 0 
Para( f i n s  2.27 
O l e f i n s  0 
HCN 0.29 
Amnia 0.02 
cos 0 

0.48 

co4 (1.44 

A e i t y l e n c  0 

Propylene 0.10 

3 0 
H$ 1.8 

GAS TOTAL 18.6 

12 24 ' 
G r i d  G r i d  
1000 700 

0 25 
.5 33.3 

1 ATX 2 .STY 
189.3 67.4 

.7 0 
(lUU-XJU) (40-bo) 

2.40 2.29 
(1.14 . 3.11 

4.10 3.90 
0 0 

0.20 0.41 
0.30 0.54 

0 0.47 
0 0 

2 . 1 ~  3.77 
0 0.79 

0.19 0.2u 
0.01 0.Ul 

0 0 
0.48 .08 

0 U 
1 .u 2.0 

15.0 17.59 

22 
G r i d  
1000 

10  
500 

2 A 3  
53 .1  

0 
(40-60) 

59 .5  
8.3 

30.1 
2.0 
u. 1 
8.4 

3.37 
8.72 

7.25 
0.07 
1.54 
0.58 
1.10 

0 
3.30 
3.56 
0.35 
0.02 

0 
0.23 

0 
2.0 

12.09 

21 
G r i d  
1500 

4 
1131.1 

2 A X  
64.5 

0 
(50-6U) 

50.: 
8 . 5  

31 .u  
1 .u 
9.1 

17.6 

2.50 
17.62 

3.44 
1.35 
0.8) 

U 

0 
0 

1.19 
3.63 

0 
0.10 

1 .0  

11.99 

0.2a 

b 
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OESULFURIZATION OF HOT COAL-GAS IN A 
HIGH-PRESSURE FLUID-BED REACTOR '\ 
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Department of Energy, Morgantown Energy Technology Center, 
Morgantown, \.!V 26507 

Keywords: Coal Gasification, Desulfurization, High-Temperature 

ABSTRACT 

Zinc ferrite, a regenerable mixed-metal oxide, is a leading sorbent for removal o f  
HpS from hot coal-derived gas streams for integrated gasification combined cycle 
(IGCC) applications. The cyclic nature of the desulfurization process and the 
highly exothermic regeneration with air impose severe restrictions on the zinc fer- 
rite process in a fixed-bed reactor. Due to several potential advantages o f  fluid- 
bed operation, a high-temperature high-pressure bench-scale reactor was constructed 
and commissioned for testing in the fluid-bed mode. Zinc ferrite (192 pm mean par- 
ticle diameter) was tested at a superficial velocity to minimum fluidization veloci- 
ty ratio of 3.0. Multicycle testing at 15 atm and 6OO0C with 5000 ppmv H2S in the 
inlet simulated fluid-bed coal gasifier (KRW) gas showed that zinc ferrite consis- 
tently reduced the H2S to under 20 ppmv, in a single-stage fluidized bed at a super- 
ficial residence time of -3 seconds. Prior t o  reaching a bed outlet H2S concentra- 
tion of 100 ppmv, a sulfur pickup of 12 g per 100 g sorbent was achieved. 

INTRODUCTION 

Integrated gasification combined-cycle (IGCC) and coal gasifier/molten carbonate 
fuel cell (MCFC) power systems employing hot-gas cleanup are two of the most promis- 
ing advanced technologies for producing electric power from coal. High-temperature 
desulfurization at conditions that nearly match the pressure and temperature of raw 
coal gasifier gas has the potential to eliminate the requirements for expensive heat 
recovery equipment and efficiency losses associated with coal gas scrubbing (U.S. 
Department of Energy, 1986). High-temperature desulfurization research has focused 
on the development of mixed-metal oxide sorbents for fixed-bed reactor applications 
(Gangwal et al., 1989a, 1989b; Grindley and Steihfeld, 1985; Grindley and Goldsmith, 
1967). 
ferrite sorbent ( a  mixed-metal oxide containing zinc oxide and ferric oxide in equi- 
molar proportions) which is a leading candidate for demonstration under the Depart- 
ment of Energy's Clean Coal Program. 

Fluid-bed reactors offer several potential advantages over fixed-bed reactors for 
high-temperature desulfurization of coal-gas. 
contact via vigorous agitation of small particles and thereby also minimize diffu- 
sional resistances, give faster overall kinetics, and allow pneumatic transport. 
Fluidized beds prevent solids segregation at high temperature, offer the capability 
of continuously adding or removing sorbent, and allow control of highly, exothermic 
sorbent regeneration reactions. It is the need for sorbent regeneration that actu- 
ally imposes restrictions on fixed-bed technology because a true steady-state i s  
hardly reached in the regenerator off-gas concentration. 
withstand a far greater particulate loading in the coal gasifier gas than can fixed- 
beds. 

The objective of  the study,, motivated by the. numerous advantages o f  fluid-beds,, i s  
to develop durable zinc ferrite, sorbent formulations suitable. for fluid-bed applica- 
tion and test them at conditions simulating coal gasifier gases a t  high-temperature 

The primary emphasis of this work has been on the development of a zinc 

They provide excellent gss-solid 

Fluidized-beds can a l s o  
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high-pressure (HTHP) cond i t i ons  representat ive o f  advanced power p lants .  High-pres- 
sure app l i ca t i ons  o f  f l u id -bed  reactors  f o r  desu l fu r i za t i on  based on l ime  and i ron -  
ox ide based sorbents  have been c a r r i e d  ou t  by Curran (1974) and I s s h i k i  e t  a l .  
(1987), respec t i ve l y .  The main inferences o f  s ign i f i cance  based on these papers are 
(1) h igh a t t r i t i o n  res is tance o f  t h e  sorbent w i l l  be required and (2) h igh hydrogen 
su l f i de  removal e f f i c i e n c y  and s tab le  operat ion w i l l  be poss ib le  a t  HTHP condit ions. 
Our i n i t i a l  r e s u l t s  o f  t h i s  on-going study t o  develop durable z i n c  f e r r i t e  sorbents 
are presented i n  t h i s  paper. 

SORBENT PREPARATION 

Zinc f e r r i t e  (ZnFezOq) i s  formed by heat ing t o  temperatures >816"C (15OO0F), an 
approximately equimolar m ix tu re  o f  z inc ox ide (ZnO) and f e r r i c  ox ide (Fe2O3) i n  the  
presence of  a s u i t a b l e  b inde r  such as bentoni te .  
g i v ing  ZnFezOq. A s i g n i f i c a n t  data base e x i s t s  f o r  f ixed-bed formulat ions o f  t h i s  
sorbent. The f ixed-bed sorbents have been manufactured by AMAX (Jha e t  a l .  1988) 
and United Ca ta l ys t ,  inc .  (UCi) as 3 / i 6 - i nch  c y l i n d r i c a l  extrudates and spher ica l  
p e l l e t s .  More recen t l y ,  UCI has manufactured a number o f  z inc f e r r i t e  formulations 
f o r  General E l e c t r i c  (GE) Co. (Ayala e t  a l . ,  1989) by rounding ou t  t h e  c y l i n d r i c a l  
extrudates. The rounding process y i e l d s  1/8- inch t o  3/8-inch e l l i p s o i d a l  p e l l e t s  
which are be l i eved  t o  possess b e t t e r  a t t r i t i o n  res is tance i n  a moving bed because o f  
e l im ina t i on  o f  sharp edges o f  t h e  c y l i n d r i c a l  extrudates. 
manufactured t o  d a t e  i s  app l i cab le  t o  f lu id-beds f o r  which p a r t i c l e  s izes on the 
order  o f  40 t o  500 pm are needed. 

Three methods were chosen t o  prepare f l u id -bed  z inc  f e r r i t e  (1) crushing and screen- 
i n g  o f  durable f ixed-bed and moving-bed sorbents t o  des i red p a r t i c l e  s i z e  d i s t r i b u -  
t i o n ,  (2) spray d ry ing ,  and (3)  impregnating commercial f l u i d i z a b l e  support mater i -  
a l s  such as alumina. The f i r s t  method i s  obvious and g ives h igh f l e x i b i l i t y  i n  the  
choice o f  t he  des i red  p a r t i c l e  s i z e  d i s t r i b u t i o n .  
v iab le  commercial o p t i o n  because o f  t h e  add i t i ona l  cost  associated w i t h  crushing, 
screening, and r e c y c l i n g  f i nes .  
edges which may be subject  t o  h igh  i n i t i a l  ra tes  o f  a t t r i t i o n .  
mind, a mod i f i ca t i on  of t h e  f i r s t  method consis ted o f  f l u i d i z i n g  the crushed z inc 
f e r r i t e  t o  remove t h e  sharp edges and round the  sorbent. 
p a r t i c l e s  such as f l u i d - c r a c k i n g  ca ta l ys ts  (FCC) cons is t i ng  o f  microspheroids are 
genera l ly  prepared by the  second method, spray dry ing.  
no t  a f fo rd  f l e x i b i l i t y  i n  p a r t i c l e  s i z e  which a re  t y p i c a l l y  i n  t h e  20 t o  150 pm 
range w i t h  a mean of about 80 pm. 
involved pore volume impregnat ion 'o f  commercial ly ava i l ab le  f l u i d i z a b l e  aluminas 
w i t h  a s o l u t i o n  o f  z i n c  and i r o n  n i t r a t e s  i n  t h e  requi red chemistry fo l lowed by 
dry ing and c a l c i n a t i o n  a t  t he  des i red temperature. 

A so l i d -s ta te  reac t i on  takes place 

None o f  t h e  sorbents 

However, i t  may n o t  be t he  most 

The p a r t i c u l a t e s  formed may be angular w i t h  sharp 
Keeping t h i s  i n  

Commercially, f l u i d i z a b l e  

This method, however, does 

The t h i r d  method chosen f o r  i n v e s t i g a t i o n  

SORBENT CHARACTERIZATION 

Sorbents were cha rac te r i zed  us ing a v a r i e t y  o f  techniques p r i o r  t o  t e s t i n g  a t  t he  
bench-scale. The most impor tant  sorbent c h a r a c t e r i s t i c s  included s u l f u r  capaci ty  
(defined as grams o f  s u l f u r  adsorbed p e r  100 grams o f  sorbent) ,  regenerab i l i t y  and 
a t t r i t i o n  res is tance.  Other sorbent p roper t i es  o f  importance inc luded mercury pore 
volume d i s t r i b u t i o n ,  BET sur face area, p a r t i c l e  s i z e  d i s t r i b u t i o n ,  weight % o f  ZnO, 
Fe2O3, and b inder ,  b inde r  type, and x-ray d i f f r a c t i o n  (XRD) phase. Sorbent s u l f u r  
capaci ty  and regenerabi 1 i t y  were measured by a. thermogravimetric analyzer (TGA) 
using procedures s i m i l a r  t o  those developed f o r  f ixed-bed sorbents (Gangwal e t  a l . ,  
1989b; Gangwal and Harkins,, 1989). 
measured using an a t t r i t i o n  t e s t e r  s i m i l a r  t o  t h e  one desc,ribed by Anderson and 
P r a t t  (1985). 
ab le (Gangwal and Harkins, 1989). B r i e f l y '  t he  a t t r i t i o n  t e s t  cons is ted of f lowing 

, 5 slpm of N2 f o r  1 hour through 50 cc o f  t he  sorbent i n  a l . 0 l i n c h  diameter quar tz  
tube. 
t he  center.  The N2 emerged a t  very h igh  v e l o c i t y  through the  sorbent near t h e  hole,  

T h e , a t t r i t i o n  res is tance (AR) o f  the sorbent was 

Fu r the r  de ta i l s .  o f  the a t t r i t i o n  t e s t e r  and t es t ,  procedure are a v a i l -  

The sorbent was supported on a p l a t e  N i t h  a s i n g l e  0.4 mm diameter ho le i n  
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thus producing a vigorous shearing effect so that measurable differences in attri- 
tion could be produced between different sorbents in a relatively short time. 
sorbent of any particle size distribution, AR was defined as A~=100(1-B/A), where B 
was the increase in the fines (sizes below the smallest significant particle size) 
following the attrition test and A was the original amount of sorbent excluding the 
original fines. 
lute) measure of the tendency of the sorbent to produce fines during fluidization. 

For a 

The attrition test was designed as a relative (rather than abso- 

BENCH-SCALE UNIT/TEST PROCEDURE 

Theoretical modeling, construction of a high-pressure cold fluid-bed system (cold- 
flow model), and construction of the HTHP bench-scale unit was carried out. 
theoretical modeling and the cold flow model were intended to aid in determining the 
desirable test conditions for the HTHP system. The theoretical modeling followed 
the approach of Cockri 1 1  et al. (1988) and used the bubbl ing-bed model. 
tive of the modeling was to determine the amount of sorbent to be loaded in the 
reactor, given a set of pressure, temperature, sorbent capacity, gas composition, 
and sorbent physical properties, so that breakthrough to a level of 10% of the inlet 
H2S concentration (0.5 volume %) could be achieved in a reasonable time while oper- 
ating in the bubbling-bed regime and avoiding slugging. 

The modeling was carried out using empirical literature correlations. Unfortunate- 
ly, nearly all such correlations have been developed using atmospheric pressure test 
rigs. Thus as a further aid in evaluating fluidization behavior of the sorbents, 
avoiding slugging, and determining desirable test conditions,, a see-through high- 
pressure apparatus (cold-flow model) was, constructed. A commercial porous 1/4-inch 
thick a-alumina ceramic material with 16 pm pores was used as a distributor in this 
apparatus. The pipe was made from clear polycarbonate rated to >50 atm. Both 2- 
inch and 3-inch diameter models were constructed. 
on fluidization was expected to be minimal, the cold-flow model provided tests of 
sorbent fluidization behavior which would be representative of the HTHP reactor. 

An existing fixed-bed sorbent test facility (Gangwal et al., 1989b) was modified for 
fluid-bed operation. A schematic diagram of the facility is shown in Figure 1 and a 
more detailed diagram of the reactor is shown in Figure 2. 
35 atm at 788°C (145OOF) and consisted of both 3-inch and 2-inch diameter sorbent 
cages. The same distributor material as the cold flow model was used. Separate 
lines and internal cyclones were provided for sulfidation and regeneration. The 
system provided high flexibility in the choice of gas composition and test condi- 
tions (flow rate, pressure., ,temperature, sorbent amount). 
could analyze both inlet and outlet gases. 
arrangement provided for analysis of all permanent gases and sulfur gases. 
COS, and SO2 could be analyzed at concentrations down to 0.1 ppmv every 2 to 6 min- 
utes. All parts exposed to hot.gases were Alon processed to prevent corrosion. 
Pressure drop across the bed was measured using a differential pressure gauge. 
typical bench-scale test consisted of loading the desired amount of sorbent and 
bringing the unit up to the desired temperature and pres'sure. The amount of sorbent 
loaded in the .reactor and the superficial velocity used was guided by preliminary 
modeling and p.reliminat-y tests on the cold flow model. 
sition typical' of coal gasifier gas from a KRW (originally. Westi'nghouse and now 
Kellog) fluid-bed gasifier was then passed through the sorbent at superficial' veloc- 
ity (U,) to minimum fluidization velocity (U,f) ratio of .about 3.0. Sulfidation was 
terminated' when the outlet gas H2S concentration reached. around 500 ppmv (which was 
about 10% of the inlet H2S concentrat.ion). Regeneration of the sorbent was then 
carried out with a gas conraining 2% 02 and 98% #2 at maximum temperatures up to 
760°C (lf00"F) and similar Uo/Uif ratio as sulfidation. Previous fixed-bed experi- 
ence with zinc ferrite showed that 760'C was. required to prevent sulfate formation. 
End o f  .regeneration was indicated when SO2 in the off-gas fell below about 200 ppmv. 
The su1fidation:regeneration cycle was then repeated as many times as desired. The 
sorbent was cha.racterized before and after each. test for its particle size distribu- 
tion, and attrition resistance '(AR). 

The 

The objec- 

Since the effect of, temperature 

The system was rated at 

The GC system (not shown) 

The H2S, 

A 

Multiple detectors and valve switching 

Su,lfidation gas 0 f . a  compo- 
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RESULTS AND DISCUSSION 

Sorbent p repara t ion  a c t i v i t i e s  i n i t i a l l y  concentrated on spray-drying fol lowed by 
r o t a r y  c a l c i n a t i o n  a t  temperatures up t o  1750°F. 
p i l o t - s c a l e  t r i a l s  t o  produce a spray d r i e d  z inc  f e r r i t e  comparable i n  a t t r i t i o n  
resistance t o  FCC mater ia l .  Bench-scale t r i a l s  used up t o  20% binder cons is t ing  of 
bentoni te,  A1203 g e l ,  Si02 g e l ,  and TiO2. 'Two formulat ions (L-3392 w i t h  15% b inder  
and L-3393 w i t h  20% binder)  were prepared. The mean p a r t i c l e  s izes  of t h e  L-3392 
and L-3393 sorbents were 102 pm and 88 pm respec t ive ly .  
o f  these sorbents were compared t o  a standard FCC mater ia l .  Both L-3392 and L-3393 
were subjected t o  g rea ter  a t t r i t i o n  (AR 2 70 f o r  L-3392 and L-3393 VS.97 f o r  FCC) 
than FCC and thus were considered unacceptable f o r  f l i i i d - b e d  app l ica t ion .  
o f  these sorbents showed very d e s i r a b l e  capaci ty and r e a c t i v i t y ,  however. 
t o  increase a t t r i t i o n  res is tance,  U C I  increased the  b inder  l e v e l  t o  25% and 50% i n  
p i l o t - s c a l e  t r i a l s .  
f r e e - f l o w i n g  p a r t i c l e s  were formed. The b r i c k s  were crushed and tes ted  f o r  a t t r i -  
t i o n  res is tance.  
longer possessed s u l f u r  capac i ty  as shown by the TGA. 
terminate . t h e i r  e f f o r t  t o  produce f l u i d i z a b l e  z i n c  f e r r i t e  by spray dry ing .  

With the f a i l u r e  o f  spray-drying as a' p o t e n t i a l  technique, a c t i v i t i e s  were i n i t i a t e d  
f o r  sorbent p repara t ion  by impregnation. 
a-alumina powders were chosen f o r  i n i t i a l  preparat ions.  
loaded w i t h  up t o  20 weight z i n c  f e r r i t e .  The procedure consisted o f  impregnating 
z i n c  and i r o n  n i t r a t e s  i n  a l i q u i d  volume equal t o  t h e  pore volume of t h e  alumina. 
This was fo l lowed by dry ing  (120°C) and c a l c i n a t i o n  a t  temperatures f rom 600°C t o  
840°C. Sorbents ca lc ined a t  tempera- 
tu res  up t o  750°C q u i c k l y  s u l f i d e d  t o  t h e i r  maximum capac i ty  and were regenerable 
over 1.5 c y c l e s ,  w i t h  no loss  i n  capac i ty  dur ing the second cyc le .  The sample c a l -  
c ined a t  840OC d i d  n o t  a t t a i n  maximum capac i ty .  Tests were n o t  successful  w i t h  t h e  
7-alumina which showed poor r e a c t i v i t y  presumably due t o  a s t rong chemical i n t e r a c -  
t i o n  o f  the  r e a c t i v e  alumina w i t h  t h e  a c t i v e  ZnO and Fe2O3. 
ance o f  the impregnated a-alumina z i n c  f e r r i t e  was somewhat l e s s  than a z inc  f e r r i t e  
prepared s imp ly  by crushing and screening a z inc  f e r r i t e  prepared as e l l i p s o i d s  f o r  
moving bed a p p l i c a t i o n s  as discussed below. 

Other p o t e n t i a l  methods, i n c l u d i n g  m o d i f i c a t i o n  o f  t h e  impregnation method, a re  
p resent ly  being i n v e s t i g a t e d  f o r  producing a durable z i n c  f e r r i t e  sorbent. 
i n i t i a t e  bench-scale t e s t i n g ,  i t  was decided t o  s e l e c t  one o f  t h e  a v a i l a b l e  moving 
bed sorbents and prepare the des i red  p a r t i c l e  s i z e  sorbent by crushing and screen- 
ing.  
f o r  GE. The low pore volume 
(0.2 cc/g) and high dens i ty  (2.57 g/cc) o f  t h i s  sorbent compared t o  o t h e r  sorbents 
(Ayala e t  a l . ,  1989) made i t  a good candidate f o r  t e s t i n g  i n  t h e  f l u i d - b e d  mode. 
The sorbent was obtained from GE and crushed and screened t o  g i v e  a p a r t i c l e  s i z e  
d i s t r i b u t i o n  from -48 t o  +150 mesh (105 t o  297 pm). 

The r e s u l t s  of  two 10-cycle t e s t s  conducted w i t h  the T-2465M sorbent a re  reported 
herein.  Both t e s t s  were conducted w i thout  a cyclone. Test 1 was conducted using 
the  2- inch diameter sorbent cage w i t h  179 grams o f  t h e  sorbent,  whereas Test 2 was 
conducted w i t h  the same cage b u t  w i t h - t w i c e  as much sorbent.. The nominal condi t ions - 
o f  the  t e s t s  a re  shown i n  Table 2. Umf was ca lcu la ted  using standard c o r r e l a t i o n s  
presented by Kun i i  and Levenspiel (1969). The Uo/Umf r a t i o  o f  -3.0 was guided by 
experiments a t  15 atm i n  the c o l d  f l o w  model which showed a v igorous ly  bubbl ing bed 
a t  Uo/Umf of 2.6 and s l i g h t l y  s lugging bed a t  Uo/Umf o f  3.0. The f i r s t  cyc le  H2S 
breakthrough curves f o r  the  two t e s t s  are presented i n  Figure 3. As can be seen, 
doubl ing t h e  contac t  t ime improves t h e  cleanup e f f i c i e n c y  s i g n i f i c a n t l y .  Estimated 
s u p e r f i c i a l  con tac t  t ime f o r  Test 1 was -1.6 seconds whereas t h a t  f o r  Test 2 was 
-2.9 seconds. The s u p e r f i c i a l  con tac t  t ime i s  c a l c u l a t e d  by d i v i d i n g  t h e  estimated 

U C I  conducted bench-scale and 

The a t t r i t i o n  resistances 

TGA t e s t s  
I n  order 

I n  both cases agglomeration occurred and b r i c k s  r a t h e r  than 

Although these m a t e r i a l s  showed high a t t r i t i o n  res is tance,  they no 
U C I  decided t o  A t  t h i s  p o i n t  

Commercial f l u i d i z a b l e  7-alumina and 
a-alumina was successful ly 

Theesamples were tes ted  f o r  capac i ty  by TGA. 

The a t t r i t i o n  r e s i s t -  

To 

UCI had r e c e n t l y  prepared a 20,000 l b  batch o f  z i n c  f e r r i t e  designated 1-2465M' 
The p r o p e r t i e s  o f  t h i s  sorbent are shown i n  Table 1. 

. 

I 
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expanded bed height (approximately 1.3 times the s t a t i c  bed he igh t )  by t h e  super- 
f i c i a l  v e l o c i t y .  The s t a t i c  bed height i s  estimated from the  p a r t i c l e  dens i ty  of 
2.57 g/cc w i t h  the  assumption o f  40% voids i n  the bed. 
-2.9 second s u p e r f i c i a l  con tac t  t ime i s  s u f f i c i e n t  t o  o b t a i n  h i g h  cleanup e f f i c iency  
i n  a s ing le -s tage f lu id -bed.  

The reason f o r  using 179 g o f  sorbent f o r  the  f i r s t  t e s t  was because t h i s  amount was 
ind ica ted  by modeling, f o l l o w i n g  the  approach o f  C o c k r i l l  e t  a l .  (1988) and us ing  
Kun i i  and Levenspiel 's  bubbl ing bed model. It was ca lcu la ted  t h a t  a breakthrough 
t ime (def ined as the t ime t o  reach an o u t l e t  H2S concentrat ion equal t o  10% o f  t h e  
i n l e t )  o f  about 2 hours w i l l  be required. The actual  breakthrough t ime from Figure 
3, however, was only 0.5 hours. The model c a l c u l a t i o n s  had assumed an i n f i n i t e l y  
f a s t  i n t r i n s i c  r a t e  constant. TGA t e s t s ,  however, suggest t h a t  the  i n t r i n s i c  r a t e  
o f  reac t ion ,  i n  a d d i t i o n  t o  gas and emulsion phase mass t r a n s f e r  r a t e s ,  could repre- 
sent a resistance t o  reac t ion .  Also, product l a y e r  d i f f u s i o n  res is tance through the 
-48 t o  +150 mesh p a r t i c l e s  could be important as shown by the  TGA and could account 
f o r  the  f l a t t e n i n g  o f  the breakthrough curve f o r  Test 1 past 50 minutes. The model 
i s  p resent ly  being r e f i n e a  based on the TGA r e s u l t s .  

The s u l f u r  capaci ty a t  a breakthrough l e v e l  o f  500 ppmv H2S f o r  each o f  the  10 
cycles o f  Test 2 i s  shown i n  Figure 4. The sorbent i s  seen t o  r e t a i n  a s i g n i f i c a n t  
p o r t i o n  o f  i t s  capaci ty over 10 cycles.  The sorbent was subjected t o  p a r t i c l e  s i z e  
d i s t r i b u t i o n  measurement and a t t r i t i o n  t e s t i n g  before and a f t e r  each t e s t .  These 
r e s u l t s ,  shown i n  Table 3, i n d i c a t e  t h a t  f i n e s  cont inue t o  be created over the  10 
cycles f o r  both tes ts .  
appears t o  decrease w i t h  increased bed height.  
p a r t i c l e - p a r t i c l e  i n t e r a c t i o n  i n  a deeper bed. 
f r e s h l y  crushed and screened T-2465M sorbent i s  s i m i l a r  t o  commercial f l u i d i z a b l e  
aluminas, as ind ica ted  e a r l i e r .  The reduc t ion  i n  a t t r i t i o n  res is tance over 10 
cycles i s  bel ieved t o  be due t o  thermal c y c l i n g  and chemical t ransformat ions dur ing  
sul  f i d a t i o n  'and regeneration. 

The r e s u l t s  suggest t h a t  

A t t r i t i o n  resistance o f  the sorbent f o l l o w i n g  t e s t i n g  
The reason f o r  t h i s  may be increased 
The a t t r i t i o n  resistance of the  

CONCLUSIONS 

A z i n c  f e r r i t e  sorbent reduced the  H2S i n  coal  g a s i f i e r  gas t o  less  than 20 ppmv i n  
a s i n g l e  stage f lu id ized-bed a t  HTHP cond i t ions .  
able e l l i p s o i d a l  1/8- inch t o  3/8- inch z inc  f e r r i t e  sorbent (T-2465M) produced a 
reasonable 192 pm f l u i d - b e d  media whose i n i t i a l  a t t r i t i o n  res is tance was comparable 
o r  b e t t e r  than commercial f l u i d i z a b l e  aluminas. The sorbent needs t o  be tes ted  over 
a l a r g e  number o f  cycles (-100) t o  f u r t h e r  assess i t s  d u r a b i l i t y  under f l u i d i z i n g  
condi t ions.  

Crushing and screening of a dur-  
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Table 1. Propert ies o f  Sorbent T-2465M 

ZnO : 34.0% P e l l e t  dens i ty  : 2.57 /cm3 
Fez03 : 64.0% 

Shape : e l l i p s o i d a l  

Surface area : 4.6 m"g 
Benton i te  : 2.0% Pore volume : 0.2 cm /g  

S i z e  : 1/8 t o  3/8 inch  Mean pore diameter : 1958 1 
Crush s t rength  : 22.5 l b / p e l l e t  

Ca lc ina t ion  Temperature : 843OC (1550°F) A t t r i t i o n  res is tance : 95.4% 
Bulk Density : 1.44 g / c d  Theore t ica l  

s u l f u r  capac i ty  : 39 g/100 g 
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Table 2. Nominal Bench-Scale Test Cond i t ions  (Reactor 1.0. = 2.0-inch) 

Pressure (atm) 
Temperature ('C) 

Maximum 
I n l e t  
Average 

Gas compos i t ion  ( vo l .  %) 

Sul f i d a t  i o n  

15 

630 
600 
615 

I n l e t  O u t l e t  

9 13 
5 9 

19 15 
0.45 0.001 

Balance Balance 
16 12 

- -  

-- _ _  
35.0 

2.0 
6.2 
3.1 

Reqenerat ion 

15 

760 
675 

Not a p p l i c a b l e  

I n l e t  

-- 
-- 
-- 
-- 

98.0 

2.0 

32 .O 
1.8 
6 .1  
3.4 

-- 

*Based on average temperature f o r  s u l f i d a t i o n ;  i n l e t  temperature f o r  regenera t i on .  

Table 3. P a r t i c l e  S i ze  D i s t r i b u t i o n  (Weight %) and A t t r i t i o n  
Resistance (An) of  Fresh and Used T-2465M Sorbent - - 

Test 1 a f t e r  Test 2 a f t e r  
Fresh T-2465M 4 c y c l e s ,  10 cyc les  6 cyc les  10 cyc les  

Size (pm) 
9 9 7  0.00 0.02 
250 t o  297 13.46 8.27 
177 t o  250 44.87 43.36 
149 t o  177 10.43 12.03 
125 t o  149 24.07 17.48 
105 t o  125 7.16 13.06 
4 0 5  0.00 5.77 

AR 
Average s i z e  (pm) 192 181 

94.1 - -  

0.34 
4.59 

43.19 
11.63 
18.50 
14.53 

7.22 
171 
85.4 

0.79 0.08 
13.14 11.36 
37.42 37.81 
11.46 10.71 
18.47 19.58 
13.85 13.41 
4.87 7.04 

184 180 
-- 78.4 
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1.30 Reactor I.D.: 2.0-inch - 
1.20 - 
1.10 - U,: 6.1 cmls 

UJUmt: -3.0 
1.00 - Inlet H,S: 4400 ppmv 

Inlet Gas: KRW 
0.90 Sorbent: T-2465 

Particle Size: 192 prn 
Size Range: -48 to +150 mesh 

Pressure: 15 atm 
Temperature: 615 "C 

- 
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Run Time (min) 

Figure 3. Effect of sorbent amount on H,S breakthrough profile. 
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for Test 2 over 10 cycles (inlet H2S = 4400 ppmv). 
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HIGH TEMF'ERATURE H,S REnOVAL 
FROM PROCESS GASES I N  A STEAM REGENERATIVE PROCESS 

USING MnO OR FeO ON y-ALUMINA ACCEPTORS 

J .P .  Wakker. &W. G- 
Delft University of Technology, 

Laboratory of Chemical Process Technology, 
Ju l i ana laan  136, 2628 BL Del f t ,  The Netherlands.  

Keywords: H,S removal, high temperature, steam regenera t ive  

Abstract  

During g a s i f i c a t i o n  of coa l  the  su l fu r  compounds a re  converted mainly in to  H,S and 
COS. A process t o  remove these  compounds a t  temperatures o f  400-800 'C has  been 
developed. The acceptors  used a re  based on MnO o r  Fa0 on a 7-alumina c a r r i e r .  
Regeneration takes p l ace  a t  the  same temperature with a gas containing steam. while 
more than 15 Xv of H,S can be obcained i n  the d r i ed  reaccor off gas .  The main 
advantage steam regenera t ion  is t h a t  no oxida t ion  o r  no t iceable  hea t  e f f e c t  is 
involved. A packed bed  microreactor vas used t o  study su l f fda t ion -  and regeneration 
behaviour ex tens ive ly  i n  c y c l i c  experiments. I t  shoved t h a t  H,S can be removed t o  a 
l eve l  of 0-50 ppmv depending upon gas composition. After s eve ra l  hundreds of cycles 
only l i t t l e  deac t iva t ion  vas observed. The e f f e c t s  of var ious  compounds in t he  feed 
were studied. 

W r o d u c t l g n  
Thermodynamics of the  r eac t ion  MnO + H,S <-> MnS + H,O i n  the  temperature range 
400-800 *C ind ica t e  t h a t  t he  equilibrium is s h i f t e d  completely towards the  metal 
su l f ide .  This means t h a t  MnO can remove H,S a t  these  temperatures qu i t e  deep but  
a l s o  t h a t  steam w i l l  nor: regenerate a s u l f u r  loaded acceptor.  Consequently i t  may 
sound s t range  t h a t  a MnO on y A 1 , 0 ,  acceptor  is proposed here!  However. fact is 
t h a t  an  acceptor  can remove H,S e f f ec t ive ly  a t  400-800 'C and is regenerated 
e a s i l y  with steam a t  the same temperature [l. 2 ) .  

Other H,S acceptors  o f t en  use a i r  for  regenera t ion .  r e su l t i ng  i n  s u l f u r  oxides as 
w e l l  a s  an oxid ized  accepter ,  both needing a reducing agent l i k e  H, t o  obtain 
acceptable products.  The hea t  produced may r e s u l t  i n  temperature con t ro l  problems 
and s in t e r ing  o f  t h e  acceptor material .  I n  con t r a s t  t he  MnO on  y-A1,0, acceptor is 
regenerated without a no t iceable  heat e f f e c t ,  r e su l t i ng  in  a s t a b l e  acceptor.  A s  
regeneration does n o t  change the oxidation state of the  acceptor ,  no reduction is 
needed e i t h e r .  The H,S formed can be used d i r e c t l y  t o  generate s u l f u r ,  e.g.  i n  a 
Claus p lan t .  This a b i l i t y  t o  regenerate MnO on ~-Al,O, acceptors wi th  steam is not  
inc identa l .  on the contrary: - a f t e r  a r e l a t i v e  s h o r t  s t a b i l i z a t i o n  t i m e -  the 
acceptors can  be exposed to  more than 000 sulfidation-regenera.cion cycles  without a 
change in  a c t i v i t y  . 
A t  Delft Univers i ty  of Technology (DUT) seve ra l  inves t iga t ions  were performed co 
determine which compound(s) are responsible f o r  the f a c t  t h a t  steam regeneration is 
poss ib le  [ 3 1 .  I t  is supposed t h a t  regenerable acceptors are formed f r o m  a monolayer 
of MnO which r e a c t e d  with the  ,-alumina c a r r i e r  and produced a sur face  aluminate. 
In other  words: f r e e  MnO on A1,0, is expected t o  be non-regenerable.  while MnO with 
a c r y s t a l l i n e  strucare c lose  enough t o  t h a t  of t h e  ~ - A l , O ,  c a r r i e r  w i l l  farm a 
surface-aluminate t h a t  can  r e a c t  with H,S according to :  

The cons t an t  of  t h i s  reac t ion  can  be estimated and compared with tha t  
of pure manganese oxide. In f igures  la and l b  a r e  shovn, respec t ive ly .  the 
thermodynamic equi l ibr ium cons tan t  for  Fa0 and MnO, i n  con tac t  with a H,S-H,O gas 
mixture and the r eac t ion  en tha lp ies  for  the  su l f ida t ion .  For the  pure metal oxides 
the  su l f ida t ion  equi l ibr ium is s h i f t e d  completely tovards the metal su l f ide  a t  
t emperaa res  from 400 t o  800 'C. A s  can  be seen from f igure  l a  t h e  thermodynamic 
cons tan ts  the  corresponding aluminates M n A l , O ,  and FeAllO, ind ica t e  t h a t  chair  
equi l ibr ium with a H,S-H,O gas mixture is not  pronounced to one s ide .  I n  these 

of  

such 

MnAlzO, + H,S <-> b S  + A1,0, + H,O. 
equi l ibr ium 

of 
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f igures  both Fe and Mn oxides a re  shown because i t  was found t h a t  no t  only MnO on  
i-A120, can be used in a steam regenerative process t o  remove H2S. Qui te  similar 
behaviour is found with FeO on 7-A120,, the same holds even fo r  Zn. N i  and Co 
However, only Fa0 on 1-alumina comes c lose  t o  MnO on 7-alumina, the o thers  a r e  f a r  
less a t t r a c t i v e .  

Several  inves t iga t ions  support  t ha t  an aluminate is the ac t ive  substance.  
Atomic absorption measurements i n  combination with sulfidation-regeneration 
experiments o f  acceptors  with d i f f e r e n t  metal oxide l eve l s  show t h a t ,  up t o  a 
c e r t a i n  coverage, a l l  metal su l f ide  formed can be regenerated wi th  steam. That 
coverage corresponds t o  a number of metal oxide moles equal t o  the number of 
alumina moles exposed a t  its sur face .  
Although assumption t h a t  manganese aluminate is the ac t ive  compound could not  
be confirmed by rdntgen d i f f r ac t ion ,  t h i s  technique d id  not prove the opposite 
e i t h e r .  No l i n e s  c h a r a c t e r i s t i c  f o r  t h i s  compound could be found, probably due t o  
its high d ispers ion  on a c a r r i e r  of poor c r y s t a l l i n i t y .  Irregenerable acceptors 
however show l i n e s  t h a t  correspond with those of pure h0. 
Diffuse re f lec tance  spectroscopy a t  r eac t ion  conditions shows t h a t  regenerable 
acceptors have bands c h a r a c t e r i s t i c  f o r  Mn~1,0, (as  ind ica ted  by t h e i r  grey co lour )  
while irregenerable acceptors  have a LlnO spectrum (and a brown co lour ) .  
Another technique used is Hassbauer spectroscopy, although it could only be appl ied  
t o  i ron  oxides as manganese has no nossbauer a c t i v i q +  From t h i s  study it can be 
concluded tha t  on steam-regenerative acceptors the  Fe ions a r e  h ighly  d ispersed  
on the  support and b u i l t - i n  in to  the  alumina. This agrees with the  formation of 
FeAl,O,. 

the 

E w r i m e u c d  
Acceptor preparation 
Using the  wet impregnation technique the c a r r i e r  is contacted with a so lu t ion  of a 
metal salt a t  ambient temperature. Af te r  approximately 16 h the  impregnated 
mater ia l  is f i l t r a t e d  and dr ied ,  genera l ly  overnight,  a t  about 110 'C. I n  some 
cases ,  e.g.  i n  case a metal ace t a t e  or -oxa la te  w a s  used. the drying w a s  combined 
with ca lc ina t ion  a t  300 'C. F ina l ly  the mater ia l ,  with the metal s t i l l  i n  a high 
oxidation s t a t e  (e .g .  MnO,). is  reduced with H, a t  600 * C .  Depending on the metal 
content des i red  the  complete process is repeated a number of times. 

Table 1 shows t h a t  t he  number of  prepara t ion  cyc les  and the molar i ty  of t he  s a l t  
so lu t ion  not  only determine the amount of manganese obtained on the  c a r r i e r ,  bu t  
a l so  whether o r  no t  such an acceptor can be regenerated completely. Although not  
ind ica ted  the  t a b l e ,  with each s a l t  it is poss ib le  t o  obta in  an acceptor which 
can not be regenerated completely. This is done by r a i s ing  the manganese content 
above 8-10 %w. Notably t h i s  agrees with a 1:l mole r a t i o  of metal  to  sur face  
alumina. 

Instrumental  

The apparatus used t o  obta in  the sulfidation-regeneration data is descr ibed  
schematically f i g u r e  2 .  The hea r t  of the apparatus is a tubular quartz r eac to r  
with an in t e rna l  diameter of 9 mm. Normally 3 g acceptor ,  with a mean p a r t i c l e  

, diameter of 0.k mm. r e s u l t  in a bed length  of approximately 70 mm. The r eac to r  is 
kept a t  a cons tan t  temperature, which can  be choosen between 100 and 800 ' C .  The 
reac tor  used i n  a cyc l i c  way: about 1 . 5  hour it is used to  remove H,S from the  
gas stream fed ( the  su l f ida t ion -  or accepta t ion  phase),  then f o r  about half  an hour 
the su l fu r  is removed from the acceptor ( the  regeneration phase).  The cyc le  is 
completed with a f lu sh  phase of  another half  hour. 
I n  the accepta t ion  phase the feed t o  the  reac tor  is obtained by mixing gases from 
cyl inders .  Generally the H,S content is 1 %v and the hydrogen conten t  10 %v ,  the  
balance being N,. The t o t a l  flow r a t e  is 100 ml/min a t  ambient condi t ions .  Several  
o ther  gases.  notably CO and CO, can be added a s  well .  If the  inf luence  of small 
amounts of H,O is s tudied .  the feed  is passed through a bed of FeSO,.7aq. This 
r e s u l t s  in  a H,O content  o f  0-5 %v.  depending upon the temperature of  the  FeSO, 

i n  

i n  

is 
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bed. If the  H,O concent ra t ion  has t o  be h igher  than 5 Xv. l i qu id  water is in jec ted  
in to  the r eac to r .  This w i l l  evaporate before reaching the acceptor bed. 
Quite d i f f e ren t  amounts of water are needed during regeneration. I n  t h i s  phase the 
H,S supply is  c losed  and a small stream of water in jec ted ,  r e su l t i ng  i n  a flow with 
approximately 50-80 Xv of  steam. 
The H2S content  i n  the  o u t l e t  is monitored by passing t h e  gas through a s t i r r e d  
vesse l  with a CdSO, so lu t ion ,  kept a t  a constant pH of 4 by in t roducing  NaOH as 
w e l l .  Under above conditions the flow of NaOH supplied equals t he  flow Of H,S 
l eav ing  the  r e a c t o r .  The concentration of H,S can be obtained as the  first 
der iva t ive  of t h i s  flow towards time. Other compounds (CO, COS, GO,, H,S and H,O) 
in the r eac to r  e f f luen t  can be de tec ted  with a gas chromatograph. In  t h i s  way e.g.  
t he  s h i f r - r e a c t i o n  can  be followed. 

A breakthrough curve,  which descr ibes  the  o u t l e t  H,S concent ra t ion  during 
the  accepta t ion  phase,  is shovn i n  f igure  3 .  A t  the s t a r t  of an experiment a i l  H,S 
supplied is captured  by the acceptor.  After approximately 20 minutes a sudden 
increase of t he  H,S concentration ind ica t e s  breakthrough. Within a few minutes 
th i sconcent ra t ion  raises t o  about 3040% of the i n l e t  value.  Of course  i n  p rac t i ce  
breakthrough w i l l  never be  waited fo r .  Some time before t h i s  moment is expected. 
another r eac to r  w i th  f r e sh  or  regenerated acceptor w i l l  be used. During our 
inves t iga t ions  the o u t l e t  concentration is monitored f o r  about 1 h mare because the 
complete curve g ives  valuable information about the concentration p r o f i l e  within 
the  acceptor bed in the time-span BEFORE ac tua l  breakthrough. 
After enough data a r e  gathered the  H,S supply is switched of f  and steam introduced. 
Now H,S is  being produced. Again the H,S content  is monitored as a func t ion  of time 
t o  obta in  k i n e t i c  data. This proceeds u n t i l  a l l  su l fu r  captured dur ing  acceptacion 
has been re leased .  

5-n 
A n  i n t e r e s t i n g  va r i ab le  is the  amount of s u l f u r  captured a t  breakthrough (qb) as a 
function of  t he  time on stream. A s  can  be observed in  f igu re  4 a f r e sh  acceptor 
w i l l  take up some 2 I of i t s  weight as  su l fu r  a t  600 'C. This decreases gradual ly  
t o  approximately 1 Z i n  the f i r s t  week and remains cons tan t  a t  t h a t  l eve l  
afterwards.  ' a t  least until some 80 days. or approximately 400 cycles ,  later. This 
deac t iva t ion  can, t o  a c e r t a i n  ex ten t ,  be explained by the decrease i n  sur face  a rea  
which w a s  determined i n  p a r a l l e l  t o  t h i s  experiment. The corresponding BET sur faces  
a re  shown i n  the  f igu re .  I t  should be noted here tha t  the temperature vas kept a t  
600 a l l  the  t i m e .  A t  t h i s  temperature the  deac t iva t ion  w i l l  a l s o  take  place i f  
the  acceptor is NOT subjected t o  acceptation-regeneration cyc les  bu t  l e f t  . i n  a 
reducing atmosphere only. I f  a f r e sh  acceptor is used and the  temperature 
maintained a t  400 ' C ,  no or l i t t l e  deac t iva t ion  takes place.  A t  800 * C  the acceptor 
w i l l  take up 2 . 7  %w S, but t h i s  capac i ty  decreases i n  about f i v e  weeks t o  
aPProximately 1 Xw S. probably due to  s i n t e r i n g  of the c a r r i e r  material. 

The influence of temperature on a " s t ab i l i zed  acceptor' is shovn i n  f igu re  5 .  
Lowering the  temperature from 600 * C  t o  400 'c r e s u l t s  i n  a decrease o f  su l fu r  
capture a t  breakthrough by approximately one ha l f .  When the acceptors  are 
s t a b i l i z e d  a t  800 ' C  ins tead  of 600 * C  lowering the temperature from 800 ' C  to  600 
'C r e su l t s  i n  a decrease of the breakthrough capac i ty  f r o m  2.7 Zv s u l f u r  t o  
aPProximately 0 .5  Xw s u l f u r .  The same behaviour is observed for i r o n  conta in ing  
acceptors.  This decrease is a t t r i b u t e d  t o  both k ine t i c s  and thermodynamics. 

The influence of t he  H,S concentration i t s e l f  on the breakthrough capac i ty  is given 
i n  f igure  6 .  A t  low H,S concenirations the  capac i ty  is somewhat higher than a t  high 
concentrations.  This can be explained by sunnnation o f  two processes.  The f i r s t  
process is a f a s t  equi l ibr ium between H,S and surface aluminate; t he  corresponding 
acceptor capac i ty  is not influenced by the  H,S concentration. The second process is 
slow and corresponds t o  su l fu r  t ha t  moves t o  s i t e s  t h a t  a re  not  e a s i l y  reached. 
This means t h a t  when l o w  H,S concent ra t ions  a re  used (while the volumetric flow 
r a t e  is kept  cons tan t )  t he  second, r e l a t i v e l y  slow process can  proceed longer 
before breakthrough is measured, r e su l t i ng  i n  a higher capacity.  

typ ica l  
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In  a l l  experiments hydrogen is added to  the feed  t o  prevent decomposition Of H,S 
in to  hydrogen and s u l f u r .  As long as the feed gas only conta ins  N,, H, and H2S the 
H, concentration does n o t  influence the reac t ion  r a t e  in the  range of 7 to 90 XV. 

The r e su l t s  d i scussed  so f a r  a re  obtained with a feed  of 1 %v H,S, 10 XV H,. the 
balance being N,. I n  genera l ,  however, the feed  w i l l  conta in  CO. CO,  and H,O as 
well .  As could be expected from the p o s s i b i l i t y  t o  use steam as  the regenera t ive  
agent,  H,O has a negat ive  e f f e c t  on the amount of s u l f u r  captured a t  breakthrough. 
This is demonstrated in f igure  7a. In t h i s  f i gu re  the r e l a t i v e  breakthrough 
capacity is w h o m  as a function of the water conten t  of the feed. The r e l a t i v e  
breakthrough capac i ty  is the observed breakthrough capac i ty  divided by the  
breakthrough capac i ty  of  the  same acceptor using a s tandard  feed  gas without water.  
In  t h i s  way the  capac i t i e s  of d i f f e ren t  acceptors  can be compared e a s i l y .  The 
re ten t ion  l eve l  decreases  d ra s t i ca l ly  by 15 %v of H,O. However, CO in the f eed  has 
a pos i t ive  e f f e c t  on the  su l fu r  re ten t ion  capacity as  is demonstrated in f i g u r e  7b, 
which shows t h a t  50 %v CO w i l l  increase t h a t  capac i ty  by a f ac to r  of approximately 
1.4 the manganese acceptor and a f ac to r  1 . 7  f o r  t h e  i ron  containing acceptor .  
From t h i s  f igure  the  influence of the hydrogen concent ra t ion  can be seen c l e a r l y  
too. The pos i t ive  e f f e c t  of 50 Xv CO is a f ac to r  1 . 9  i f  the  feed gas conta ins  only 
10 Xv hydrogen in s t ead  of  40 Xv hydrogen. A combination of both e f f e c t s ,  the 
negative water in f luence  and the  pos i t ive  CO in f luence ,  can be observed i n  f igu res  
8a and b.  

The e f f ec t  of CO can  be explained by the s h i f t  reac t ion :  CO + H,O <-> CO, + H,. 
Both the water f e d  t o  the reac tor  and the water produced in the reac t ion  o f  H,S 
with the acceptor react with CO t o  form a CO,/H, mixture. 
Another e f f ec t  o f  in t roducing  CO is the formation o f  COS by the analogous 
equilibrium: CO + H,S c-> COS + H,. For tuna te ly  it showed tha t  COS only 
appears in the e f f l u e n t  a f t e r  H,S breakthrough. i nd ica t ing  t h a t  COS is e f fec t ive ly  
removed by the  acceptor  as w e l l .  The COS formation is qu i t e  f a s t ,  the COS in the 
gas leaving the r eac to r  is almost in equilibrium with the  o ther  gas cons t i tuents .  

Other compounds which may be found in prac t i ca l  feeds tocks  a r e  hydrocarbons a s  CH,, 
C,H, and lower a lkanes .  Experiments showed t h a t  these  compounds have no in f luence  
on acceptor behaviour if t h e i r  content is lower than 10 %v. Even higher l e v e l s  a re  
allowed, although some influence may s t a r t  t o  be v i s i b l e ,  e spec ia l ly  i n  case  of 
alkenes. 

Recently the regenera t ion  of the acceptors has been s tud ied  in more d e t a i l  [ 4 ] .  
Figure 9 shows t h e  amount of steam needed t o  regenerate acceptors which were 
previously completely loaded with su l fu r .  By d iv id ing  t h i s  amount by the  amount 
needed s toechiometr ica l ly ,  the  r e l a t ive  steam use RSU is obtained. It can be seen 
tha t  two-third of  the  su l fu r  captured can be regenera ted  e a s i l y ,  the r e s t  needs a 
higher amount of steam. Similar f igures  a re  ava i l ab le  f o r  d i f f e ren t  steam 
concentrations,  a l l  i nd ica t ing  tha t  a high steam concent ra t ion  and a low steam 
space ve loc i ty  is b e s t .  The resu l t ing  o f f  gas may conta in  up to  25 %v o f  H,S on wet 
bas i s  40 %v or more on dry basis.  Such a gas can be used qu i t e  well in a Claus 
un i t .  

Another pa r t  of the  s tudy  is focussed on a mathematic model to  decribe the r e s u l t s .  
The model is based on a fast sulfur-oxygen exchange reac t ion :  

A slow sulfur-oxygen exchange reac t ion  is added to  expla in  the slow rise of  the 
ou t l e t  concentration: 

QIS + 920 <-> Q I O  + Q,S (k, ->, <- k,) (Q, - Mn or Fe) 
Next "Langmuir" adsorp t ions  are needed t o  account fo r  the  amount of H2S t h a t  can  be 
desorbed from a loaded acceptor without using any steam; it is assumed t h a t  the 
same sites a l so  adsorb H,O: 

f o r  

o r  

H,S + Q,O <-> QIS + H,O (k, ->, <- k,) (Q1 - Mn or Fa) 

H,S + Qs <-> Q3-H2S (9s  - A W s )  
H,O + Qr <-> Qs-H,O (Qs - A1zOs) 
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Mathematically t h i s  set  of e q u i l i b r i a  is d i f f i c u l t  t o  so lve ,  mainly because the H,S 
and H,O concent ra t ions  a re  independant. I n  p rac t ice  4 s t i f f  p a r t i a l  d i f f e r e n t i a l  
equations have t o  be so lved  simultaneously.  

Results w i t h  t h i s  model a re  given i n  f igures  10a and b .  With the  model a 
good f i t  is obta ined .  The f a c t  t h a t  the ca lcu la ted  H,O o u t l e t  curve is not i n  
agreement with the  experimentally found curve is not taken too se r ious  because the  
H,O ana lys i s  vas much l e s s  r e l i a b l e .  
The parameters used t o  obta in  these curves a re  summarized i n  t a b l e  2 .  Of course 
much work i s ' s t i l l  t o  be  done in t h i s  f i e l d ,  e.g.  we a r e  t o  determine,.some of t h e  
parameters o f  t he  last t ab le  by independent o ther  techniques l i k e  
thermogravimetrics, and the  e f f e c t  of CO has t o  be incorporated in the model. 

A l s o  in the  f i e l d  of  p r a c t i c a l  experiments progress is  m a d e .  In t he  near  fu ture  t h e  
acceptors w i l l  be t e s t e d  i n  a l a r g e r  un i t  t o  desu l fur ize  a sub-atream of gas  
leaving the. experimental  200 kW (thermal) g a s i f i e r  b u i l d  a t  t he  Energy Research 
Centre of t he  Netherlands i n  Petten.  The u n i t  cons i s t s  of  3 r eac to r s  (1.5 l i t e r  
volume each) which a r e  used in t e rmi t t en t ly .  While one is i n  the  accepta t ion  phase 
the  acceptor i n  one o f  t h e  o the r s  is regenerated.  This work is described 
ex tens ive ly  in next paper presented a t  t h i s  congres. 

Conclusions 
The acceptors developed a t  !JUT can remove H,S from a f u e l  gas and can be 
regenerated wi th  a gas containing steam. This behaviour can be explained by t h e  
formation of a sur face  HeAl,O, (He - PLn or Fe) sp ine l .  
The amount o f  s u l f u r  captured a t  breakthrough v a r i e s  beween 0.25 and 3.0 Xv. 
depending upon temperature and gas composition. The regenera t ion  o f f -gas  conta ins  
up t o  40 %v H,S. enough t o  be fed  fa a C l a u s  p l an t .  The acceptors  have a long 
l i f e t ime :  they can be  used during a t  l e a s t  400 sulfidation-regeneration cyc l i .  

obtained 
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Table 1. Influence of salc ,  molarity and 
number o f  impregnations on a b i l i t y  
t o  be regenerated by steam. 

Mn Regeneration 
S a l t  # mol Xw X 

Nl t ra t e  1 x 2.0 7 .9  69 
4 x 0.7 1 0 . 1  95 
4 x 0 .5  8.0 100 

Su l fa t e  3 x 0.5 7.2 100 
Acetate 1 x 2 .0  7.7 100 

Table 2 .  Parameters of che model a t  
400 and 600 *C 

Param Dimension 400 'C 600 *C 

kl/kZ - 4.7 3.6 
k, m'/(mol.s) 0 .4  0.4 
Q, mol/ms 160 209 
k,-k, m"/(mol.s) 1E-3 7E-7  

1.38 1.36 
14.7 12.4 
140 168 

Ql mol/ms 240 210 

FIGURES FIGURES FIGURES FIGURES FIGURES FIGURES FIGURES FIGURES 
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Abstract 

During gasiffcation of coal H,S. COS and some other impurities are formed. To 
remove H,S and COS a steam regenerative process using MnO or FeO on -f-alumina 
acceptors has been developed. The acceptors can be used in the temperature range of 
700-1100 K. Regeneration takes place at the same temperature with a gas containing 
steam. Using a 200 kV thermal coal gasification plant available at ECN in Petten 
the acceptors have been tested under realistic conditions at pilot plant scale. In 
thio way the effects of other impurities and upscaling on acceptation and 
regeneration behaviour could be studied. No deactivation of the acceptors was found 
during four weeks of continuous sulfidation-regeneration cycles. Used/spent 
acceptors are analysed for capacity and contaminants. 

Snyoduction 

As the world oil and natural gas sources are limited quite some research effort is 
afmed at the utiltsation of coal to replace oil and natural gas. The positive 
results of the demonstration plant in Cool Water, California, are now available. 
Also in the Netherlands the application of coal gasification for electricity 
production meets renewed interest which leads to a lot of new short and long term 
research proposals. The long term proposals mainly concern high temperature gas 
cleaning because this can lead to improvement of efficiency and lower investments 
in CGCC plants 111. 
When coal is gasified it reacts with steam and air or oxygen at temperatures in the 
range of 800-2000 K. The raw gas produced by a gasifier generally contains a number 
of impurities. of which sulfur compounds are the major ones. Requirements of either 
downstream processes or environmental regulations usually dictate that these 
impurities muat be removed from the gasifier effluent. The principle sulfur 
compound during gasification of coal is H,S beside smaller amounts of COS, 
CS, and mercaptans. The total amount of H,S produced can vary between 0.2-1.4 Xv. 
After removing the sulfur compounds the gas can be used as a fuel, a synthesis gas 
or a reducing gas. 
Both the gasification and the combustion of the purified gas are carried out at 
high temperatures. If purification is carried out at low temperature (e.g. in case 
ethanol amines are used) the raw gas must be cooled before entering the 
purification unit and reheated prior to combustion. However, if purification is 
also carried out at a high temperature the cooling and reheating can be eliminated 
or at least be simplified. The overall thermal efficiency of the whole plant will 
increase. Unfortunately, almost all commercially available processes for the 
removal of H,S operate at low temperatures or can not be regenerated easily. 
Van der Linde [ 2 ]  found that MnO on -f-A1,0, can remove H,S from gases at 700-850 K. 
while the sulfided product can be regenerated to MnO on -f-Al,O, at the same tem- 
perature using a gas containing steam. In other words, the reaction 

fs reversible 
It has been shown by Soerawidjaja [ 3 ]  that acceptors based on manganese or i ron  are 
superior to those based on cobalt, nickel and zinc. The active component in the 
reaction seems to be a surface spinel, KnAl,O, or FeAl,O,. Using available 
thermodynamic data (4,5], equilibrium constants and enthalpy changes can be 
estimated. The thermodynamic' equilibrium constanrs of the sulfidation of MnAl,O, 
and FeAl,O, in the temperature range of 700-1100 K become close to unity, while 

' 

formed 

MnO/-r-Al,O, + H,S <-> MnS/-f-A1,0, + H,O (1) 
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those of MnO and FeO are  large (greater  than 100) .  see f igure 1. This means that  
the sulf idat ion of HnAl,O, and FeAl,O, is reversible ,  whereas tha t  of KnO and Fa0 
i s  i r revers ible .  From f igure  2 it can be seen t h a t  the enthalpy changes 
accompanying s u l f i d a t i o n  of these metal oxides, is small in  case of NnAl,O, and 
FeAl20,. 

EmerimentaL 

&sentor Drenarat ioL 

Up till now the research has taken place i n  a laboratory set-up using approximately 
3 of grinded and s ieved alumina extrudates with p a r t i c l e  diameters between 0.25 
and 0.42 mm while a synthet ic  gas mixture of N,, H, and H,S was used. The 
experiments described here  not only concern the use of a r e a l i s t i c  gas but  also 
involve upscaling: 1 kg acceptor per reactor .  Also  the par t ic le  diameter of the 
acceptor increased. The 7-alumina extrudates used (Ketjen/Akzo 001-1.5E) have an 
average length of 4.8 mm and an average diameter of 1.7 mm. Because of the 
increased p a r t i c l e  diameter and the la rger  amount of c a r r i e r  material the 
impregnation method had t o  be adjusted t o  maintain the metal content and su l fur  
removal capacity. 
For acceptor preparat ion the scheme in f igure 3 is followed. Normally the 
impregnation fluid is shaken a few times during impregnation (method 1). resu l t ing  
in a good acceptor. However, t h i s  technique can not be used for l a rger  amaunts of 
acceptor mater ia l .  The main problem with the large amount of material and coarse 
extrudates is contact ing the impregnation f l u i d  with the c a r r i e r  material i n  such a 
way that  each p a r t i c l e  is f i l l e d  with the impregnation f lu id .  A number of 
techniques to  improve contacting between fluid and car r ie r  a r e  investigated: 
s t i r r i n g  f l u i d  only (method 2 ) .  s t i r r i n g  of both f l u i d  and solids (method 3)  and 
recycling impregnation f l u i d  through a packed bed of c a r r i e r  material (method 4). 
Each acceptor batch prepared is analysed f o r  a t t r i t i o n ,  d i s t r ibu t ion  of the  metal 
oxide in  each p a r t i c l e  and between par t ic les ,  metal content and capacity f o r  H,S 
removal. the last  property both under laboratory conditions and under r e a l i s t i c  
conditions. 

The f i r s t  two c r i t e r i a  a re  evaluated qua l i ta t ive ly  only. The metal oxide d is t r ibu-  
t ion  can, because the  oxides a re  dark coloured. be evaluated eas i ly .  The metal 
content determined by Atomic Adsorption Spectroscopy (AAS). The equipment used 
for determining breakthrough capacity under laboratory conditions is described 
elsewhere [ 61. 

pauioment 

The breakthrough capaci ty  and deactivation under r e a l i s t i c  conditions are  measured 
i n  an experimental se t -up  s i tua ted  a t  the Energy Research Foundation (ECN) in 
Petten. The Netherlands. The gas i f ie r  (200 kW thermal) is bui ld  especial ly  for  
research purposes and produces a fuel  gas tha t  can be used for  a number of 
d i f fe ren t  experiments: the  unused gas is f lared.  
The p i lo t  p l a n t  can be divided into two main parrs :  the coal g a s i f i e r  which 
supplies the r e a l i s t i c  f u e l  gas and the equipment f o r  high temperature H,S removal 
i n  which the acceptors can be tes ted.  

The coal g a s i f i e r  can be subdivided into:  the reactor ,  the coal feed system. the 
air system and the  hot  f u e l  gas system 
The co-current moving bed reactor  consis ts  of a s t e e l  vessel  internal ly  f u l l y  
i so la ted  with ceramic mater ia l .  A t  the bottom an asymmetric ashcone rotates  with a 
low variable speed and forces  the ashes and unconverted coal into the ashes waste 

The a i r  needed f o r  gas i f ica t ion  is sucked into the reactor  through two a i r  i n l e t s ,  
one s i tuated a t  the  top and another in the  middle of the reactor. This means that  
the gas i f ie r  is used a t  underpressure. preventing gas leakage to  the environment. 
The coal bed can be divided in to  three zones: 

g 

is  

Pipe. 

180 



I 

1. the pyrolysis zone a t  top of the coal bed. I n  t h i s  zone devo la t i l i s a t ion  of the 
coal takes place.  Light hydrocarbons and heavy tar products a r e  formed. 
Par t icu lar ly  the heavy tar products can cause problems when they condensate. 
They a re  nearly completely converted i n  the oxidation zone. 

2 .  the oxidation zone under the pyrolysis zone. In t h i s  zone tar and hydrocarbons 
a re  by the a i r  which is l ed  in to  the reac tor  just above the coal bed. 
Moreover, pa r t  of the  coal is converted in to  GO, and H,O t o  produce the heat 
needed by the reactions in the reduction zone. The temperature raises quickly t o  
a l eve l  of 1600-1900 K. 

3. tha reduction zone a t  the bottom of the coal bed. In t h i s  zone the products of 
the oxidation zone, CO, and H,O. reac t  with coal t o  form GO and H,. Because 
these reactions a re  r e l a t ive ly  slow the reduction zone covers the  grea tes t  par t  
of bed. The fue l  gas e x i t  is s i tua ted  a t  the bottom of the reduction 
zone. I n  case browncoal is used a s  feed, as in the study presented here.  the 
fue l  gas leaves the  reac tor  a t  about 1000 K. 

oxidized 

the coal 

The coa l  
reac tor  and a lock hopper on top of the reac tor .  

feed sytem cons is t s  of a storage bunker, a moving band t o  the top of the 

The a i r  system can be divided in to  the s t a r t -up  system and the  main system. A t  a 
cold start a i r  is sucked through a separate pipe i n  which an e l e c t r i c  hea te r  is 
mounted. When the temperature of the coal has reached such a l eve l  t h a t  spontaneous 
combustion takes place and p a r t i a l  oxidation generates enough hea t  t o  support  the 
gas i f ica t ion  process the e l e c t r i c  hea te r  is switched o f f  and the main supply system 
is used. 

Dust and ashes a re  removed from the gas stream by two cyclones. From the  cyclones 
the gas is led in to  a cooler where the temperature is lowered t o  approximately 315 
K t o  pro tec t  the rootsblower which sucks the a i r  through the reac tor .  

Par t  of the hot  fue l  gas (approximately 900 K) is drawn o f f  before en ter ing  the 
cooler and sent t o  the equipment f o r  H,S removal. 

In the equipment f o r  H,S removal (figure 0) the following p a r t s  can be distinguish- 
ed: pretreatment of the fue l  gas, reac tor  section, gas ana lys i s ,  pretreacment of 
regeneration- and f lush  gas and process control.  data acquis i t ion  and r eg i s t r a t ion  

The fue l  gas leaves the gas i f i e r  with a temperature of about 900 K. As the gas 
cooles down during transport  t o  the desulfurization u n i t  it is reheated e l e c t r i -  
ca l ly  t o  880 K. The hot gas passes through a si l icium carbide f i l t e r ,  i n  which the 
dust content decreases from about 1 g/Nms  to about 20 mg/Nm', and flows t o  the 
reac tor  section. 
The equipment is designed in such a way t h a t  H,S can be removed continuously. Three 
reac tors  ara required (Rl..R3). During operation one reac tor  is in the acceptation 
stage,  a second i n  the regeneration s tage  while the t h i r d  reac tor  is flushed. After 
H,S breakthrough of the reactor in the acceptation stage a l l  reac tors  a re  switched 
t o  t h e i r  next stage.  
Each reactor is f i l l e d  with 1 kg of acceptor material ,  MnO o r  FeO on a 7-alumina 
ca r r i e r .  The temperature is kept a t  about 880 K by a heating jacket. 
The r a w  fuel gas is sen t  downwards through the reactor.  Regeneration and flushing 
take p lace  i n  the opposite d i rec t ion .  In t h i s  way the removal of H,S from the 
acceptors is f a s t e r  and more complete ( a f t e r  acceptation most of the H,S is 
accumulated i n  the top of the acceptorbed). For the regeneration a H,O, H,, N,- 
mixture is used. Flushing is done with an H,, N,-mixture. 
The HzS concentrations in the r a w  fue l  gas, the cleaned f u e l  gas and the 
regeneration off gas a re  needed t o  calculace m a s s  balances and breakthrough 

measur ad. 
Three d i f f e ren t  ana lys i s  apparatuses ara used: a Beckman gas chromatograph, a Radas 
H,S-monitor and a Metrohm t i t r a t i o n  un i t .  The H,O concencration i n  the  r a w  fue l  gas 
is measured from time t o  time separacely.  The gas chromatograph measures the 
composition of the r a w  f u e l  gas. The monitor reg is te rs  the H,S concentration i n  the 

I capac i t ies .  Moreover. the GO,, GO and H,O concentrations in the r a w  f u e l  gas a re  
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cleaned f u e l  gas by means of W absorption. Two ranges can be choosen: 0-500 and 0- 
5000 ppm. The t i t r a t i o n  uni t  is used to  measure the amount of H,S produced during 
regeneration. For t h i s  purpose a pump continuously sucks a flow through a c r i t i c a l  
capi l lary from the regeneration off-gas i n t o  a t i t r a t i o n  vessel .  By using d i f fe ren t  
cap i l la r ies  the flow can be changed ( 5 0 .  100 or  150 Nml/min). The t i t r a t i o n  u n i t  is 
the same a s  described with the laboratory set-up [SI. 

The mini plant  i s  automated by a system which consis ts  of a Tulip AT personal 
computer, equiped with a Keithley 570 interface and runs under the software package 
Asyst. 
The system has the following tasks: - control of the acceptation-regeneration cycles in the three reactors .  using 12 

channels. A number of boundary condi t ions,  e.g. time elapse of the Stages, 
measurement of breakthrough and safe ty ,  a r e  taken in to  account. 

- data acquis i t ion  of three different  channels and f i l i n g  of the data gathered i n  
a clear s t ruc ture .  - presentation of the  data i n  such a way t h a t  mass balances can be calculated and 
the course of the  breakthrough capaci ty  as  a function of time (days) can be 
followed. 

The plant  can be used 26 hours a day. Each acceptation-regeneration cycle r e s u l t s  
i n  three of data:  the H,S concentration i n  the  raw- and in  the cleaned f u e l  
gas (gas chromatograph and monitor respect ively)  and, from the regeneration s tage ,  
the amount of H,S i n  the regeneration of f -gas  (from the t i t r a t i o n  uni t ) .  

Besults and dfs cuss ion 

s e t s  

. 

Table 1 shows t h e  necessi ty  of improving contact beween Impregnation f l u i d  and 
car r ie r  mater ia l .  Shaking of the f l u i d  from time t o  time (method 1) r e s u l t s  i n  a 
poor d is t r ibu t ion  o f  the  metal oxide. a low metal content and a low capaciry (batch 
1). S t i r r i n g  the f l u i d  only (method 2) gives a t t r i t i o n .  This a t t r i t i o n  could be 
lowered by s t i r r i n g  a t  a lower speed, bu t  applied t o  larger  quant i t ies  the contact  
is negat ively.  The resu l t s  of batch 3 show tha t  s t i r r i n g  of both f l u i d  
and solids (method 3)  r e s u l t s  in  too large a t t r i t i o n  a s  well. The r e s u l t s  o f  batch 
4 show, in cont ras t  with methods 1. 2 and 3 ,  t h a t  method 4 (recycling the impregna- 
t ion  f l u i d  chrough a packed bed of c a r r i e r  material) improves contact beween 
Carrier and impregnation f lu id .  At t r i t ion .  d i s t r ibu t ion  of the metal. metal content 
and capacity correspond with previous work [ 3 ] .  Batches 5 to 9 confirm these 
observations . 
The breakthrough capac i t ies  obtained in the laboratory set-up are generally some- 
what lower then the optimum capacity ( 0 . 7 0 - 0 . 8 5  with regard t o  0.80-1.0 Xw SI. The 
use of Larger p a r t i c l e s  is the main reason. 
Decreasing impregnation time from about 18 hours t o  2 t o  3 hours has no influence 
on breaktrough capaci ty .  
The resu l t s  of the  iron containing batches 10 and 11 are  similar t o  those of 
previous work [ 3 ]  if a t t r i t i o n .  d i s t r ibu t ion  of the metal, metal content and 
breakthrough capaci ty  a r e  taken into account. 
Batches 10, 6 and 9 were tes ted continuously during four weeks under r e a l i s t i c  
conditions i n  reac tors  1. 2 and 3 respect ively.  Each reactor  w a s  submitted t o  about 
50 acceptation-regeneration cycles. The measurements which a re  most r e l i a b l e  with 
respect t o  t h e i r  m a s s  balance are discussed below. Examples of the acceptat ion and 
regeneration CuNes a r e  shown in f igures  5 and 6 .  
In  f igures  7 .  8 and 9 the breakthrough capac i t ies ,  the amount of H,S released 
during regeneration and the CO and H,O concentrations are  presented as a function 
of cycle number. Most of the H,O conhentracions i n  the f igures  were not  measured 
quencftively but r e s u l t  from equilibrium calculat ions.  i n  which it is supposed that 
thermodynamic equi l ibr ium beween GO, GOl, H, and H,O is reached a t  the desul- 
fur izat ion reactor  i n l e t .  AS the measured points  ( the dots i n  che f igures)  l i e  
somewhat higher than the calculated poin ts .  the calculated points only give a 
indication of the course of the water concentration. 
It  can be noticad e a s i l y  t h a t  the acceptation- and regeneration capaci t ies  fo l lov  
the GO concentrat ion l ine .  Increasing the CO concentration increases the 

influenced 
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breakthrough capacity.  This e f fec t  was expected because the s h i f t  reaction w i l l  
consume H,O formed during acceptation and H,O from the feed gas according to :  

From the figures it can a l so  be concluded tha t  the breakthrough capacity remains 
almost constant. I n  tab les  2 and 3 the average breakthrough capacity and the 
average composition of the raw fue l  gas a re  given. 

If the breakthrough capac i t ies  obtained under r e a l i s t i c  conditions a re  compared 
with those obtained i n  the  laboratory se t -up  with a gas containing 20 Xv CO. 10 Xv 
H a .  5 Xv H,O and 1 Xv H,S there is a reasonable agreement. The breakthrough 
capacity is about 0.40 Xw S fo r  a manganese containing acceptor. The influence of 
the CO, and the higher H, concentration (both causing a somewhat lower capacity) is 
not corrected for.  

When the desulfurization process described here would be applied t o  the Shel l  coal 
gas i f ica t ion  process the breakthrough capacity would be  much higher. As the raw 
fue l  gas contains about 65 Xv CO, 26 Xv H, and 2 Xv H,O [ 7 ] ,  a breakthrough capa- 
c i t y  of approximately 1.5 Xw S can be expected. 

The H,S concentration i n  the cleaned fue l  gas depends upon gas composition, e .& 
H,O- and CO concentration. Before breakthrough the Concentration i n  the cleaned 
fue l  gas is lower than 40 ppmv and generally lover than 20 ppmv. Pur i f ica t ion  t o  a 
level below 1 ppmv is measured frequently. 
Recently tes t ing  of new batches of the acceptors has s ta r ted .  A t  t h i s  moment 
batches 7 ,  11 and E ( reac tors  1, 2 and 3 respectively) are used during two w e e k s .  
The breakthrough capac i t ies  and regeneration behaviour a r e  be t t e r  than the  r e su l t s  
of batches 10, 6 and 9 .  see figure 10. From the f igures  it can be concluded tha t  
the acceptors show the same i n i t i a l  deactivation as observed during experiments i n  
the laboratory. After t h i s  in i t ia l  period the breakthrough capacicy remains almost 
constant. Because the  acceptors a re  s t i l l  being used, they a re  not  tes ted  under 
laboratory conditions ye t .  Results w i l l  be available i n  the  f i r s t  ha l f  of 1990. 

The H,S concentration i n  the  dr ied  regeneration of f  gas is about 15 Xv, high enough 
to be delivered t o  a C l a u s  p lan t .  This concentration can be increased by optimizing 
the composition of the regeneration gas. Under laboracory conditions, concentra- 
t ions up t o  40 Xv (on a dry base) have been measured [ E ] .  

CO + H,O <-> CO, + H, ( 2 )  

After the experiments a t  ECN the used/spent acceptors were tes ted  again under 
laboratory conditions. The breakthrough capac i t ies  showed t o  be lower then 
expected, probably due to s in te r ing  of the ca r r i e r  material .  This s in t e r ing  can be 
caused by undeeirable high temperatures (up to 1000 K) as were measured i n  the 
reactors.  In t ab le  4 the  r e s u l t s  are summarized. The breakthrough capac i t ies  of the 
fresh and used/spent accepcors a re  obtained under exactly the same conditions. The 
breakthrough capacity of the manganese based acceptors decreased stronger than tha t  
of the iron based acceptor.  This diffarence could be explained by the f a c t  t ha t  the 
iron based acceptor is not used fo r  tes t ing  the equipment. Some samples of the 
used/spent acceptors were analysad with XPS (X-ray Photoelectron Spectroscopy) and 
ESCA (Electron Spectroscopy f o r  Chemical Analysis) t o  determine surface composition 
of the acceptors. Clearly some carbon, su l fu r ,  nitrogen and chloride is present 
and. of course, aluminium and manganese or iron. 

From the experiments it can be concluded that:  - the experimental se t -up  fo r  tes t ing  acceptors under r e a l i s t i c  conditions 
including process control and da ta  acquis i t ion  operates without any serious 
problems. 

- during the t e s t  period no deactivation of the acceptors is observed. - during the second test  period the acceptors have a higher capacity.  
- the fuel-gas is cleaned t o  a lave1 of 0-20 ppmv. 
- the breakthrough capacity of the acceptors is qui te  low. a feasab i l i t y  study has 

t o  indicate whether t h i s  is a main problem. 
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. the iron based accepeor seems co be less sens i t ive  co deactivacion caused by che 
use of a r ea l i s c i c  fue l  gas than the manganese based acceptors.  but t h i s  
difference could be explained by rescing che equipmenc with the manganese 
containing acceptors.  

- the H,S concencracion in che regeneracion off-gas is high enough t o  de l iver  t o  
a Claus p lan t ,  and can be opcfmized fur ther .  
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Accepcor Breakthrough 
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FeO (reaccor 1) 0 . 2 5  
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Table 3 .  Average fuel xas composicion. 

Compound XV 

co 16 .6  
H, 17.0 
C O l  12.6 
HlO 3 . 8  (from eq. c a l c . )  
HlS 0 . 3 - 0 . 4  
CH . 0 . 9  
dust 20 mg/Nm' 

Table 4. Breakthrough capacities of fresh and used/spenc accepcors. 

Batch Acceptor Capacicy Capacicy used/ Deaccivacion 
fresh ( X u  S) spent ( X w  S) ( X I  

Reactor 1 10 Fa0 0 . 5 5  0 . 3 5  36 
Reactor 2 6 h0 0 .80  0 . 3 9  5 1  
Reactor 3 9 Uno 0.70 0 . 3 5  50 
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INTEGRATION AND TESTING OF HOT DESULFURIZATION 
AND THE TEXACO COAL GASIFICATION PROCESS FOR POWER GENERATION 

Allen M. Robin, Jimmy C. WU, Jerry S. Kassman 
Texaco Inc., Montebello Research Laboratory 
P.O. Box 400, Montebello, California 90640 

Keywords: Texaco Gasifier, Coal Gasification, In-Situ and 
External DesulfUriZatiOn. 

OBJECTIVE: 

The overall objective of this project is to develop and demonstrate 
an improved, high efficiency, integrated coal gasification combined 
cycle (IGCC) electric power generation system on a process 
development unit (PDU) scale. The work includes investigations of 
in-situ desulfurization and hot gas cleanup as applied to the Texaco . 
Coal Gasification Process. New specialized instrumentation, being 
developed by DOE/METC for coal gasification, also will be tested 
during this project. 

BACKGROUND STATEMENT: 

The Texaco Coal Gasification Process (TCGP) is a second 
generation, commercially proven coal gasification process that is 
capable of meeting all present and proposed environmental 
regulations. There are currently three commercial plants in 
operation (excluding the Cool Water plant which has been shut down 
after a five year successful demonstration) with two more under 
construction. 

The TCGP is a continuous, entrained flow, pressurized gasification 
process for converting coal, coal derived materials, or other 
suitable solid carbonaceous feedstocks into syngas, which is composed 
primarily of hydrogen and carbon monoxide. The solid feedstock is 
ground and fed as a concentrated water slurry into a refractory-lined 
pressure vessel through a special burner where it is mixed with an 
oxidant such as pure oxygen, air or oxygen enriched air to produce 
syngas. Syngas cooling is accomplished either indirectly by a syngas 
cooler or directly by quenching with water, depending on the end use 
for the gas. The syngas cooler mode is typically selected for 
process sequences in which methanol or fuel gas is the desired end 
product. The direct water quench mode is particularly attractive for 
those applications where pure hydrogen is required for ammonia or 
petrochemical synthesis. 

Currently, gas contaminant removal is accomplished by conventional 
methods that require the gas to be cooled to ambient temperature or 
below. As in the TCGP based Cool Water 120-megawatt IGCC electric 
power plant, sulfur emissions are reduced to 10% of the New Source 
Performance Standards (NSPS). Economic studies indicate that, 
compared to a conventional pulverized coal plant with stack gas 
cleanup, a TCGP based IGCC system would be 15% more efficient, and 
have comparable investment costs. An additional increase in process 
thermal efficiency and a major reduction in capital cost can be 
realized if the hot gas does not have to be cooled down to ambient 
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temperature for cleaning before being fed to a combustion turbine. 
However, the major hot gas contaminants which include sulfur 
compounds, particulates, volatile metals and nitrogen compounds, 
still have to be removed. 

Desulfurization, specifically, can be accomplished either in-situ, by 
including a sulfur sorbent with the coal water slurry feed to the 
gasifier, or external, by contacting the gas with a sorbent 
downstream of the gasifier vessel. In-situ desulfurization could 
provide the lowest investment cost and simplicity of design. 
External desulfurization has a potential for very high sulfur removal 
and the production of a salable by-product. A significant amount of 
work has been done by other investigators in the areas of in-situ and 
external desulfurization using either a fluidized bed or a moving bed 
coal gasifier. However, little work, except for that reported here, 
has been done to study hot desulfurization in conjunction with an 
entrained bed gasifier such as that used in the TCGP. 

PROJECT DESCRIPTION: 

To help achieve the goal of clean, low cost power generation from 
coal, Texaco submitted an unsolicited proposal in July, 1986 to 
develop and demonstrate the integration of high temperature 
Sesulfurization with the TCG?. The proposal resulted in a 
Cooperative Agreement with the DOE/METC which was awarded on 
September 30, 1987. This project is expected to take five years to 
complete at a cost of $17 MM which will be shared between Texaco and 
the DOE/METC. 

The test program is divided into five phases defined as follows: 

o Phase I - Preliminary Desulfurization Research. 
o Phase I1 - Process Optimization. 
o Phase I11 - Prepare Integrated System. 
o Phase IV - Integrated System Commissioning. 
0 Phase V - Integrated PDU Tests. 

The first three years (Phases I and 11) are devoted to proof of 
concept and selection of the optimum processes which will make up the 
integrated system. The following two years (Phases I11 - V) will be 
devoted to the design, construction and operation of the integrated 
system. 
discusses the results achieved during the Phase I and part of the 
Phase I1 work. 

The project is currently in -its third year. This paper 

THEORETICAL STUDIES AND BENCH SCALE TESTS 

Theoretical studies and bench scale tests were done to select 
suitable in-situ and external high temperature desulfurization 
sorbents for later evaluation on a process development unit (PDU) 
scale. These studies and tests were done at three different 
locations: Texaco Research Center, Beacon (TRCB), Texaco's 
Montebello Research Laboratory (MRL), and the Massachusetts Institute 
of Technology (MIT). 

The work done at TRCB(3) and MRL was to identify and characterize in- 
situ desulfurization sorbents suitable for use with the TCGP. The 
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results indicated that for in-situ desulfurization, only two throw- 
away systems: iron oxide and iron oxide/sodium oxide, had potential 
for success during oxygen and air gasification in the slagging mode. 
The results also indicated that the most effective use of calcium 
oxide would be to inject it into hot syngas at a location after the 
slag has solidified. 

The work done at MIT was to identify external desulfurization 
sorbents suitable for use with the TCGP. Four different mixed metal 
oxide sorbents (Zn-Fe-0, Zn-Ti-0, Cu-A1-0, Cu-Fe-Al-0) were 
synthesized and tested. Also, a commercial iron oxide and a zinc 
ferrite (~-3201/UcI) sorbent were evaluated in cyclic sulfidation- 
regeneration tests. The MIT results indicated that the ZnO-based 
sorbents were limited to operating temperatures below 1100 deg. F in 
the highly reducing TCGP syngas streams. The Zn-Ti-0 sorbent showed 
a higher temperature capability up to 1300 deg. F. The Cu-Fe-Al-0 
sorbent showed merit for regenerative desulfurization of TCGP syngas 
at all temperatures up to 1400 deg. F. 

PDU TESTING - IN-SITU DESULFURIZATION 
- ~~ ~ 

The PDU testing was conducted at MRL using an existing pilot plant 
gasification unit modified to test in-situ and external 
desulfurization. The gasifier in the PDU is equipped with a syngas 
cooler in addition to a water quench. 
operated at a pressure of 350 psig and.at a temperature between 2000 
and 3000 deg. F. The capacity of the PDU is 15-20 tons/day of 
moisture free coal. A PFD of the modified MRL pilot plant is shown 
in Figure 1. Sulfur removal was accomplished primarily in-situ by 
including sorbent(s) with the coal water slurry feed to the gasifier. 
External high temperature desulfurization was examined in a 
downstream fixed bed system using a slip stream of syngas generated 
during PDU operations. 

During the Phase I PDU testing, a 1-day shakedown run and three 3-day 
screening runs were completed. All of the runs were made at a 
gasifier pressure of 350 psig using high purity oxygen (99.75 ~01%) 
as the oxidant. A medium sulfur Pittsburgh No.8 coal (2.1 w t %  S) was 
used for all runs except the last run; in the last run, a high sulfur 
Powhatan coal (5.1 wt%) was gasified. Table 1 lists the key 
properties of the two coals. 
Fine OX (high purity iron oxide, Fe203) and soda ash (high purity 
sodium carbonate, Na2C03), were selected for testing based on the 
results of thermodynamic calculations and bench scale tests. Soda 
ash was tested only as a co-sorbent with Fine OX. 

Limestone or dolomite initially selected for use as an in-situ sulfur 
sorbent, was rejected when the bench scale testing indicated that the 
calcium would preferentially react with the silicate phase in the 
coal slag instead of with the H2S in the syngas. 

A summary of the operating conditions and %HZS reduction in the 
syngas for each test period/run is shown in Table 2. The data 
indicate that a nominal 50% reduction of H2S in the syngas was 
achieved at a normal gasifier operating temperature, using iron oxide 
as the in-sitw sulfur sorbent. The slag generated during the tests 
was stable. This level of H2S reduction in the syngas was achieved 

The gasifier is normally 

Two different in-situ sulfur sorbents, 

190 



d L 
i f  i- 

191 



Table 1 Charge Stock Test Results 

Coal Pitts. No.8 Powhatan 
Moisture 2.80 4.36 
Proximate Analysis (dry basis) 
Volatile Matter, wt% 37.37 41.13 
Fixed Carbon 56.08 48.07 
Ash 6.55 10.80 

ultimate Analysis (dry basis) 
Carbon 78.41 71.16 
Hydrogen 5.13 5.09 
Nitrogen 1.45 1.04 
sulfur 2.14 5.07 
Ash 6.55 10.80 
Oxygen (by diff.) 6.32 6.84 

Gross Heating Value, btu/lb 14092 13037 
Ash Fusion Temp., deg. F 

Initial 1995 1960 
softening 2195 2005 
Hemispherical 2280 2095 
Fluid 2350 2355 

Table 2 Phase I In-Situ Desulfurization Test Matrix 

Length * In-Situ Sulfur 
Run/Test Sorbent Dosage Gasifier Vol% 

Run/Test Period (Lb/Lb S in Coal) Temp. H2S %Reduct. 
Period Fine OX Soda Ash Idea.F) In Gas In H2S 

1/ 
2/ 
A 
B 
C 
D 
E 

A 
B 
C 
D 

A 
B 
C 
D 
E 

. F  
G 

3/ 

4/ 

26.4/ 
69.4/ 

14.4 
16.7 
9.3 
15.5 
11.0 

11.6 
13.0 
23.0 
9.0 

15.3 
12.0 
12.0 
12.0 
12.0 
12.0 
6.2 

59.3 

84.0 

0 

3.5 
3.5 
3.5 
3.5 
4.5 

3.5 
3.5 
3.5 
3.5 

0 
1.7 
1.7 
2.6 
2.6 
2.6 
2.6 

0 

0 
0 
0 
0 
0 

1.5 
1.5 
2.0 
2.0 

0 
0 
0 
0 
0 

0.25 
0.25 

To 

To 
TO-200 
TO-300 
TO-100 
To-100 

TO 
To-200 

To 
To-100 

To 
To 

To-150 
To 

To-150 
To-125 
TO-175 

0.47 

0.26 44.7 
0.23 51.1 
0.17 63.8 
0.26 44.7 
0.26 44.7 

- 

** - 
** - 
0.20 57.4 
0.20 57.4 

1.50 
0.90 40.0 
0.83 44.7 
0.76 49.3 
0.71 52.7 
0.69 54.0 
0.71 52.7 

- 

* Run Length = Total on-stream time including the time 
between steady state operating periods. 

** No stable readings from on-line mass spectrometer 
were available. - 

192 



for both the medium sulfur Pittsburgh No.8 coal and the high sulfur 
Powhatan coal. Higher levels of desulfurization were achieved by 
lowering the gasifier temperature. However, this resulted in lower 
carbon conversions whidh produced too much char to be effectively 
handled in the PDU. 

A higher H2S reduction of about 60% in the syngas was achieved at a 
normal gasifier operating temperature using iron oxide plus a high 
dosage of sodium carbonate added to the Pittsburgh No.8 coal slurry. 
However, the slag generated was unstable (i.e. sulfide in the slag 
would oxide on exposure to ambient air) and there were solids 
handling and plugging problems experienced during the tests because 
of the extremely small solid particles produced which were cemented 
together with condensed sodium compounds. A low dosage of sodium 
carbonate, tested during the Powhatan coal run, resulted in no 
improvement in H2S reduction. Because of these results we decided to 
abandon further testing of sodium carbonate. 

Most of work in the current Phase I1 program involves air 
gasification in the PDU. Three runs have been completed, using 
Pittsburgh NO. 8 coal, in the same gasifier used for the Phase I PDU 
testing. A 4-day baseline run, a 3-day Fine OX in-situ 
desulfurization run and a 3-day dolomite desulfurization run have 
been made. The results indicate that a nominal 24% reduction of H2S 
in the syngas was achieved at a normal gasifier operating 
temperature, using Fine OX as the in-situ sulfur sorbent. Higher 
levels of desulfurization were achieved by lowering the gasifier 
temperature or increasing the dosage of Fine OX. 
of H2S reduction in the syngas achieved was 38%. Again, this 
resulted in lower carbon conversions which produced too much char to 
be effectively handled in the PDU. 

Preliminary data indicate that a 65-70% reduction of H2S in the 
syngas was achieved during the dolomite desulfurization run. 
dolomite was injected as a water slurry into the syngas in the 
radiant syngas cooler. Most of the slag had been removed or 
solidified at the point of injection to prevent undesirable reactions 1 

between calcium and silica. Typical wet syngas compositions from the 
oxvaen and air aasification runs with in-situ sulfur sorbentls) can 

The highest level 

The 

~ ~~ 

Coal 
Oxidant 
syngas Composition 

A ,  mole% 
H2 
co 
c02 
N2 
CH4 
H2S 
cos 
H20 
Total . 

. ,  
be-seen in Table 3. 

I 
Table 3 Typical Wet Syngas Composition 

I 

Pitts. No.8 
Oxygen 

0.06 
29.96 
38.91 
9.88 
1.57 
0.09 
0.35 
0.03 
19.15 
100.00 

Powhatan 
oxygen 

0.10 
28.39 
37.17 
11.89 
2.28 
0.00 
1.18 
0.05 
18.94 
100.00 

Pitts. ~o.8 
Air 

0.64 
11.36 
14.70 
8.82 
53.78 
0.04 
0.20 
0.00 
10.46 
100.00 

1 
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PDU TESTING - EXTERNAL DESULFURIZATION 
Four different external sulfur sorbents (zinc ferrite/T-2465, zinc 
ferrite/E-l3A, zinc copper ferrite/~-2952, and zinc titanate/L-3014) 
were selected for the Phase I PDU testing based on the results of 
theoretical studies and the recommendations of METC. The external 
sorbent testing system, as shown in Figure 1, consists of three 
parallel, fixed sorbent beds mounted in the top of the convection 
syngas cooler vessel. 
single pass sulfidation using a slip stream of 1000-1300 deg. F 
syngas fed to each of the three beds, with an H2S concentration 
between 1,600 and 14,500 ppm. 

The H2S concentration was constant throughout each sorbent bed run; 
the variation in H2S levels is a result of the different gasifier 
operating temperatures, in-situ sulfur sorbents and dosages, and the 
different coals used. The following conclusions and recommendations 
were made based on the Phase I performance of the external sorbents: 

The four external sorbents were evaluated in 

o All four sorbents evaluated achieved H2S removals greater than 
99.9% before breakthrough. 

o The ferrite based sorbents evaluated are not suitable for use 
with the TCGP oxygen blown syngas because of a severe loss in 
crush strength that occurs after only a single sulfidation, and 
the catalyzing of the methanation reaction. 

higher sorbent utilization in sulfidation only testing. 

see if the maximum sulfur loading can be increased. 

In the Phase I1 program, three external sulfur sorbents (zinc 
ferrite/T-2465, zinc titanate/L-3014/0.8.ZnT, and zinc titanate/l.5 
ZnT) have been evaluated in single pass sulfidation using a slip 
stream of syngas during the air gasification baseline run at an inlet 
H2S level of 2900 vppm. All three sorbents achieved H2S removal of 
greater than 99.9% before breakthrough. Examinations of the spent 
sorbents after the baseline run indicated that all three were in good 
condition. The zinc titanates were expected to retain their crush 
strengths. However, we were pleasantly surprised to find that the 
zinc ferrite, which disintegrated during the previous oxygen 
gasification runs, had also retained much of its crush strength 
during the air gasification runs. 

o Zinc titanate retained more of its crush strength and had a 

o Formulations of zinc titanate with more zinc should be tested to 

ADVANCED INSTRUMENTATION 
EVALUATION 

AND WESTINGHOUSE CERAMIC CROSS FLOW FILTER 

Several advanced instruments being developed by METC, which could be 
used for process control and on-line measurements in entrained bed 
gasification systems with integral hot desulfurization, were 
identified for testing in the PDU. 
instruments started in Phase 11. 

A Westinghouse ceramic cross flow filter, which was installed in the 
PDU, has been tested with over 100 hours of on-stream time. This 

On-line testing of the 
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project is sponsored by the DOE with Texaco acting as a subcontractor 
to Westinghouse. The objective is to demonstrate the use of the 
filter to remove solids from the hot syngas. 

FUTURE WORK : 

We are currently making PDU equipment modifications to improve the 
reliability of the limestone/dolomite injection system for the 
air gasification runs. 

External desulfurization testing will continue with emphasis on 
optimized formulations of zinc titanate. An iron oxide sorbent which 
we obtained from METC will also be tested. . 

We are continuing the testing of the advanced instrumentation and the 
Westinghouse ceramic cross flow filter. 
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Introduction 

The United States has large reserves of high-sulfur, caking Eastern 
bituminous coal. Because of the restrictive environmental emission require- 
ment, this coal cannot be used directly for generation of power, unless the 
station is equipped with sulfur dioxide scrubbers, which raises the cost of 
power. One approach to meet the environmental emission requirement and to 
maintain or improve the overall power generation efficiency is the development 
of hot gas cleanup systems to remove sulfur and particulate contaminates from 
the fuel gas thereby eliminating the efficiency losses associated with the 
cold gas cleanup methods such as wet scrubbing. 

Simplicity, efficiency, and cost containment are all integral parts of 
the development of the sulfur removal systems. An attractive system for coal 
gasification is one in which high-sulfur coal is gasified; sulfur in the coal 
is retained within the gasifier with ash, eliminating the need for gas 
cleanup; gas is available for use without first cooling it to preserve the 
sensible energy; and water vapor is retained in the product gas to make a 
substantial contribution in the combined-cycle power output. These criteria 
can be met through the use of a calcium-based sorbent such as limestone or 
dolomite directly in the fluidized-bed gasifier, which acts as both a catalyst 
for the gasification reactions and captures sulfur as calcium sulfate. 

The Institute of Gas Technology (IGT) has already developed the U-GAS 
Process to produce fuel gas from coal. The U-GAS process uses a single-stage 
fluidized-bed reactor to efficiently convert any type of coal, either run-of- 
mine or washed, into low- or medium-Btu fuel gas that can be used in 
industrial plants or utility power plants.(Z) The process has been developed 
during 10 years of testing in a 30  tons of coal per day capacity pilot plant 
located in Chicago and is currently being commercialized. In a new 
configuration of the U-GAS process, the U-GAS One-Step Desulfurization 
Process, limestone or dolomite is fed into the coal gasifier to capture and 
remove sulfur compounds from 'the fuel gas within the gasifier. Under the 
reducing conditions of the gasifier, limestone reacts with sulfur compounds to 
significantly reduce the sulfur content of the fuel gas. 

196 



The Gas Research Institute (GRI) was interested in developing a process 
whereby in-situ desulfurization was used in a coal gasification process to 
produce power or synthesis gas (for the production of methane) as co- 
product.()) Under the sponsorship of GRI and the Department of Energy, a 
limited number of tests were conducted at pilot plant facilities that verified 
the feasibility of in-situ sulfur removing techniques(2,3). IGT has recently 
conducted a series of in-situ desulfurization tests with coal and limestone 
co-feeding to a high-pressure coal gasifier (see Figure 1). The purpose of 
these tests was to determine the effects of pressure and temperature on the 
extent of in-situ sulfur removal within the gasifier. These tests were 
conducted'at gasification pressures ranging from 1 to 3 MPa in the high- 
pressure Process Development Unit (PDU), which is based on IGT's U-GAS 
fluidized-bed coal gasification process. The result of these recent high- 
pressure tests indicates that the approach to equilibrium usually exceeds 
8 4 a . ( 4 )  

Researchers in the field of chemical kinetics of limestone/dolomite reac- 
tions with hydrogen sulfide(5-14) have already verified the potential use of 
these sorbents for sulfur capture. The reaction of calcined limestone/ 
dolomite is very rapid, and the reaction almost approaches equilibrium. On 
that basis, it is possible to capture substantial quantities of sulfur and 
discharge it with the ash. Based on equilibrium considerations, it is 
feasible to remove up to 90% sulfur using this process. 

Work on the desulfurization reactions in the literature has not 
sufficiently addressed the reaction conditions in the context of coal 
gasification processes and the kinetics of the sulfidation reaction at the 
gasification conditions. 

This study, which was jointly funded by the Gas Research Institute and 
the State of Illinois Center for Research on Sulfur in Coal (CRSC). was 
undertaken to obtain comprehensive experimental data on the sulfidation 
reactions at gasification conditions to determine the kinetics of this 
gas/solid reaction. 

In the process, the primary sulfidation reactions take place within the 
fluidized-bed gasifier under reducing conditions. The limestone is calcined 
at gasification conditions: sulfur capture occurs through the reaction of 
calcium oxide with hydrogen sulfide: 

[CaCO t MgCO I . =  [CaO t MgOl t 2C02 (A) 3 3 

[CaO t MgDl t H2S [Cas t MgOl t H20 (B) 

The specific information obtained in this investigation includes -- 
1. Determination of the effects of the following variables on the rate of 

Reaction B. 
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-_ Temperature 

-_ H2S Concentration 
_ _  Sorbent Particle Size 

Pressure _ _  

2 .  Determination of the kinetic rate expression for Reaction B as a function 
of the above variables. 

Exper imentg 

The sulfidation reaction tests involving the reaction between CaO and H2S 
were conducted in a quartz thermobalance at atmospheric pressure. The effects 
of sample weight, gas flow rate, particle diameter, H2S concentration, and 
temperature on the reaction rate were determined. The thermobalance apparatus 
and the test operating procedure have been discussed elsewhere(14). 

The sorbent chosen for the complete kinetic study in this program was 
obtained from New Enterprise Stone L Lime Co., Inc., located in 
Pennsylvania. This material has already been used by the Institute of Gas 
Technology (IGT) and KRW Energy Systems, Inc. in fluidized-bed gasification 
tests. Elemental analysis were conducted on this sorbent, the results of 
which are given in Table 1. 

The sorbent (dolomite) was screened and divided into four batches of 
different particle size range. The range of particle size for the four 
batches was -80. -45t50, -25+30, and t16 mesh. The complete particle size 
distribution is given in Table 2 .  

Previous investigation(l5) had indicated that the reaction of CaO with 
H I S  does not depend on the gas composition as long as a constant level of H2S 
is maintained. Therefore, in all the tests conducted in this study, the 
reactant gas consisted of H2S/H2/He mixtures. The ratio of hydrogen to 
hydrogen sulfide was maintained at about 3:l to prevent dissociation of 
hydrogen sulfide to elemental sulfur. 

TO determine the effect of hydrogen sulfide on the reaction rate, and the 
order of the reaction with respect to H2S concentration, a series of four 
tests were conducted with a sample from batch No. 1 (-80 mesh) at 980°C. The 
concentration of H 2 S  in this series of runs was 0.8%. 1.6%. 2.58, and 3.75%. 
A plot of CaO conversion versus time is presented in Figure 2 .  

Sulfidation reaction tests were conducted using samples from batch nos. 
1, 3 ,  and 4 to determine the effect of intraparticle diffusion on the reaction 
rate. These tests were conducted at 980OC with a reactant gas containing 
3.75% hydrogen sulfide. Figure 3 shows the conversion of calcium oxide versus 
time as a function of particle size. 

Results and Discussions 

The conversion of calcium oxide in the sulfidation reaction is calculated 
using the following formula: 

[CaO + MgOl + H ~ S  Z [Cas t MgOl t H ~ O  
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56 X (weight gained) 
16 X (calcined sample weight) X ( %  CaO in the calcined sample) % Conversion = 

(1) 

where 16 is the difference in the atomic weight of gained sulfur and lost 
oxygen and 5 6  is the molecular weight of calcium oxide. 

The rate expression for Reaction B is -- 

-r = - - =  -I dNCao [H2Sln 
CaO Sr dt s 

where rCaO is the rate of the reaction, NCaO is the number of moles of calcium 
oxide, Sr is the surface of unreacted core of the particle, [HzSl is the 
concentration of hydrogen sulfide, and K is the overall reaction rate 
constant. 

Assuming the particles are spherical, Equation 2 can be written as -- 
-1 dNCaO - 

CaO 4nr 2 dt - Ks[H2SIn -r = -  - -  
C 

The rate constant can be expressed as -- 

- 
K =A 
s -  1 +1 

Kd Kg 

( 4 )  

K 
cEnductance due to diffusion. 
expressed in Arrhenius form -- 

is the intrinsic reaction rate constant and Kd is the measure of the 
The intrinsic reaction rate constant is usually 

KS E KO Exp(-Ea/R T) 
9 ( 5 )  

where Ea is the activation energy for the reaction, T is the absolute 
temperature, and Rg is the ideal gas law constant. 
is usually expressed as -- 

The diffusion conductance 

Deff Kd = - 

In Equation 6, Deft represents the effective diffusivity and L is the average 
thickness of the diffusion layer. 
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Integrating Equation 3, it can be shown that -- 

where 

'CaO R 

Ks [ H2S I n  
( 8 )  T =  ~ 

\ 

In the above equations T is the time required for complete reaction of a 
particle, XCaO is the conversion of calcium oxide, oCaO is the molar density 
of the sorbent, R is the average radius of the solid particles, and t is the 
time of reaction. 
of time and the slope of such linear plot wyll be l/r. 
XCa0)ll3 versus time is presented in Figure 4. 
respect to hydrogen sulfide concentration was obtained by determining the 
slope of the line when ln(r) was plotted against ln([H2S1) (Figure 5). 
indicating that the reaction is first order with respect to hydrogen sulfide 
concentration (that is, n=l). 

It follows that 1-(1 - X ao)1/3 should be a linear function 
A plot of 1-(1 - 

The order of reaction with 

From the experimental data of this study, the value of intrinsic rate 
constant was obtained to be 2.99 cm/s, while the effective diffusivity within 
the solid particle was determined to be 0.692 cm2/s. 
hydrogen sulfide in a binary mixture of H2S/He was calculated using the 
correlation by Fuller, u ( 1 6 )  to be 7.97 cm2/s. 
diffusivity of H2S within the solid particle to the open space diffusivity is 
0.086. 

The diffusivity of 

The ratio of the effective 

This ratio was reported by Pell(8) to be 0.056. 

Tests for the effect of temperat'ure on the sulfidation reaction rate were 
conducted in the temperature range of 650° to 104OOC. Figure 6 shows the 
Arrhenius plot of the intrinsic rate constant versus reciprocal of absolute 
temperature. The slope of this curve indicates that the activation energy for 
this material in the temperature range of 650°  to 104OOC is about 7.7 Kcal/g 
mole. The overall rate of reaction can be written as -- 

In Equation 9, R is the average diameter of sorbent particles in cm, T is the 
reaction temperature in OK. and [H2S1 is the concentration of hydrogen sulfide 
in gram mol/cm3. 

Integrating Equation 10 leads to -- 

zoo 



where pCao is the molar density of CaO in gram mol/cm3 and XCaO is extent of 
conversion of calcium oxide. 

The intraparticle diffusivity was calculated by applying the correlation 
by Fuller. u ( 1 6 )  to the experimental data from this work. The resulting 
correlation is - 

(11) 
2.6 10-6 1.75 -1 D =  T P  

where De is in cm2/s, T is in degrees Kelvin and P is in atmosphere. 

The results of experimental tests conducted at elevated pressure (0.2 to 
3 MPa) indicated that the overall reaction rate observed in the high pressure 
thermobalance reactor is controlled by a combination of gas film diffusion and 
inteipaitic:e f i i t i u s i ~ i t .  Tiie eiiociivr JiCCusiviiy ani the intrinsic reaction 
rates could not be determined from the high pressure data. 

Conclusion 

The rate of reaction between a fully calcined dolomite and hydrogen 
sulfide have been determined and described by a rate expression that is first 
order with respect to hydrogen sulfide concentration. The overall reaction 
rate is controlled by the chemical reaction and intraparticle diffusion. The 
shrinking core model for spherical particles with unchanging size appears to 
fit the observed data very well. The activation energy was 7.7 Kcal/g mol and 
the effective diffusivity through the pore of the solid sorbent at 980°F and 1 
atmosphere was 0.692 cm2/s, which is 8.6% of the effective diffusivity of 
hydrogen sulfide in gas phase. 
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Table 

Table 2. 

Size 

Micron (mesh) 

1400 14 
1180 16 
710 25 
600 30 
355 45 
300 50 
180 80 
150 100 
75 200 
4 5  325 

Pan 

Sieve 

_ 
d = C x . d  . 
P 1 P‘ 

1. ELEMENTAL ANALYSIS 

Analysis 

Calcium 

Magnesium 

Si 1 icon 

Potassium 

Iron 

Strontium 

Carbon Dioxide 

OF THE SORBENT 

28.5 

4.79 

3.11 

0 . 4 6  . 

0 . 3 4  

0.10 

40.84 

PARTICLE SIZE DISTRIBUTION OF THE SORBENT USED 

Batch No. 1 Batch No. 2 Batch No. 3 Batch No. 4 
(-80 mesh) ( -45+50 mesh) (-25+30 mesh) 1+16 mesh) 

______________-_____  “t retained ---_________________ 
_ _  _ _  
_ _  
_ _  
_ _  
_ _  
-- 

8.83 
57.10 
10.73 
9.78 
13.56 
100.00 

_ _  
_ _  
_ _  

0.80 
99.2 _ _  

_ _  
-- 
_ _  
_ _  

~ 

100.00 

140 p 327 p 655 p 1290 p 
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ABSTRACT 

Research Triangle Institute, under contract to the U.S .  Department of Energy, has 
investigated several processes for recovering elemental sulfur from tail-gas that 
contains SO,. 
tive regeneration of mixed metal oxide sorbents. The sorbents have been proposed 
for hot gas cleanup of raw coal gas, upstream of a gas turbine in an integrated, 
gasification/combined-cycle system. Initially, SO, in the tail gas was absorbed on 
a specially prepared sodium alumina sorbent, followed by reductive regeneration, to 
produce a concentrated stream of hydrogen sulfide (H$), which is a suitable feed 
for a Claus plant to recover elemental sulfur. It was found that elemental sulfur 
could be continuously recovered from the tail-gas, thereby eliminating the Claus 
processing. In a single stage, over 90% of the SO, was converted to elemental sul- 
fur using the new direct sulfur recovery process (DSRP). In a two-staged system, 
overall recoveries of over 99.5% are expected. The effectiveness of the new cata- 
lytic process on gases that contain H,S has also been demonstrated. Tests were con- 
ducted to evaluate the effects of pressure, temperature, stoichiometry, space velo- 
city, and steam content. 

The work focuses on a dilute tail-gas that is produced by the oxida- 

INTRODUCTION 

In the U.S., elemental sulfur is recovered by steam injection from underground 
Concern is growing that deposits using the thermally inefficient Frasch process. 

this source may dwindle in capacity and productivity by the year 2000 (Joseph 1988). 
Natural gas and petroleum processing is another large source. 
of natural gas and petroleum in the U.S. will further limit the supply of sulfur. 
Sulfur is mostly used to produce sulfuric acid, the largest single chemical produced 
in the U.S. 
Bureau of Mines 1988). 
gas and other gas treatment processes, which produce large volumes of throwaway 
waste that must be disposed of in an environmentally safe manner. 

Dwindling production 

The U.S. consumed over 11 million long tons of sulfur in 1988 (U.S. 
Elemental sulfur production offers an alternative to flue 

Increasingly stringent environmental emission standards here and in Europe are 
another driving force for the high efficiency 99%-recovery of sulfur. 
vironmental Protection Agency standards of October 1, 1985 (40 CFR, Part 60, Subpart 
LLL), limit natural gas processing plants to sulfur emissions of less than 2 long 
tons per day. Petroleum refineries are limited to emissions of less than 90 ppm. 
These limitations require sulfur removal of 99% efficiency, above the conversions 
achieved in simple, multi-stage Claus plants of 95 to 97%. The European Economic 
Community will require a minimum of 98.5% recovery rates from Claus plants by 1992. 
Currently, Federal Republic of Germany regulations require up to 99.5% recovery. 
Environmental concerns and improved process economics have engendered the comer- 
cialization of a number of modified Claus processes enhanced with tail-gas treatment 
processes (Goar 1986). 

developed and advanced a hot, coal-gas desulfurization concept that is based on a 
regenerable zinc ferrite sorbent (Grindley 1988). 
cleanup is most significant when the clean coal gas is used to fuel a gas turbine in 

The U.S. En- 

The U.S. Department of Energy's (DOE'S) Morgantown Energy Technology Center has 

The potential benefit of hot gas 
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an integrated,  gasification/combined-cycle system. In the  zinc f e r r i t e  process, H,S 
reacts  wi th  zinc f e r r i t e ,  which i s  then regenerated by a d i l u t e  a i r  stream. . This 
produces a hot regeneration off-gas containing 1 t o  3% SO,, which must be disposed 
of i n  an environmentally acceptable manner. Other desulfur izat ion sorbents can be 
used i n  a similar manner t h a t  produce an off-gas t h a t  contains SO,. Alternative 
throwaway processes, such a s  t h e  hot lime bed developed by the  ESSO Research Centre 
(Kowszun 19791, lead t o  the generation of a large amount of waste, which must be 
disposed of under an increasingly s t r ingent  regulatory burden. 

Among t h e  options fo r  t he  ultimate disposal of off-gas containing SO,, production 
of elemental su l fu r  i s  a t t r ac t ive .  The Ralph M. Parsons Company, under contract  t o  
DOE, has evaluated t h e  technical  and economic f e a s i b i l i t y  of candidate processes 
t h a t  can recover su l fu r  from hot coal gas desulfurization processes (O'Hara e t  a l .  
1987). Elemental su l fu r ,  an e s sen t i a l  commodity fo r  i ndus t r i a l  and mil i tary use, i s  
eas i ly  s tored and transported.  Research Triangle Ins t i t u t e ,  under contract  t o  DOE, 
has investigated seve ra l  processes t h a t  can recover elemental su l fu r  from the off-  
gases t h a t  contain SO, (Harkins and Gangwal 1988). 
absorption of SO, on a novel sorbent (Gangwal e t  a l .  1988), followed by reductive 
regeneration, t o  produce a concentrated stream of 4s t ha t  would be a sui table  feed 
f o r  recovery of elemental su l fu r  a t  a Claus plant .  During these invest igat ions,  it 
was found t h a t  elemental sulfur  could be continuously recovered from the  off-gas, 
thereby eliminating the need fo r  Claus processing. In a s ing le  stage,  over 90% of 
t h e  SO, was converted t o  elemental su l fu r .  I n  a two-staged system, overal l  recov- 
e r i e s  of over 99 .5% a re  expected. 
gases containing H,S has also been demonstrated. 

The i n i t i a l  work focused on 

The effect iveness  of t h e  new c a t a l y t i c  process on 

PROCESS PRINCIPLES 

The new d i r ec t  su l fu r  recovery process (DSRP) is capable of converting over 90% 
of the su l fu r  i n  gas streams tha t  contain reduced o r  oxidized gaseous su l fu r  com- 
pounds t o  elemental su l fu r  i n  a direct  continuous process. No preconcentrating, 
oxidation, o r  reduction i s  necessary. The residual  sulfur  i n  the  eff luent  can be 
obtained e i t h e r  as  e s sen t i a l ly  a l l  H,S o r  as  a l l  SO, by control l ing the i n l e t  gas 
composition. 
such as  SO, t o  reduced su l fu r  compounds such as  4s and vice versa.  
H,S and carbonyl s u l f i d e  t o  elemental sulfur  has a l so  been demonstrated, confirming 
t h e  reversible  nature of t he  DSFS. 
s ion  of SO, t o  elemental su l fu r .  

gas stream, and is contacted with a catalyst  a t  temperatures from about 400 t o  
700 'C and a t  pressures up t o  20 atmospheres. I f  t h e  primary gas stream t o  be 
t r ea t ed  contains mainly oxidized sulfur  gases, then the secondary gas stream should 
be reducing i n  nature.  Near stoichiometric quant i t ies  a re  desirable  t o  promote the  
conversion t o  elemental su l fu r  and t o  reduce reaction with other components i n  the 
gas stream. 
secondary gas stream as long as  the gas i s  overal l  reducing. 
stream already has c lose t o  the  desired stoichiometry, then a secondary gas stream 
i s  not required.  
reduced su l fu r  gases, then the  secondary gas stream should be oxidizing i n  nature 
(e.g. ,  containing oxygen or other oxidants).  In  a l l  cases, i f  elemental sulfur  i s  
the  desired product, the mixture of t he  primary and secondary gas streams should 
have close t o  such stoichiometry tha t  t he  su l fu r  gases can be completely converted 
t o  elemental sulfur .  

The DSFS can a l so  reversibly convert oxidized gaseous sulfur  compounds 
Conversion of 

However, t he  work has focused l a rge ly  on conver- 

The primary gas stream t o  be t reated i s  mixed with a small flow of a secondary 

It is possible t o  have oxidizing gases such a s  steam and CO, i n  the 
I f  t h e  primary gas 

On the other  hafid, i f  the primary gas stream contains mainly 

Simple examples of these stoichiometries a re  

SO, t 2H, --> 2H,O t S, 
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so, t 2co --> 2c0, t s, 

$S t (1/2) 0, --> $0 t s. 
SO, t 2H,S --> 2 4 0  t 3S, and 

It is also possible to convert oxidized sulfur gases to reducing sulfur gases and 
vice versa by shifting the stoichiometry of the inlet mixture toward the desired gas 
and by choosing the proper temperature and pressure. 
chiometries are 

Simple examples of the stoi- 

SO, + 3H, --> H,S t 2H,O, 
SO, + 3CO + H,O --> H,S t 3CO,, and 
H,S t (3/2) 0, --> SO, t 40. 

The chemistry of the process invariably involves multiple intermediary reactions 
at or near the surface of the catalyst. When SO, and reducing gases are simultan- 
eously contacted with the catalyst, steady state is quickly reached, and SO, is con- 
tinuously converted to elemental sulfur. When $S and oxidizing gases are simul- 
taneously contacted with the catalyst, is continuously converted to elemental 
sulfur as steady state is reached. The yield of elemental sulfur increases with 
increasing temperature between 400 and 700 'C and with increasing pressures from 
above atmospheric to 20 atmospheres. 

These observed results have been verified by thermodynamic equilibrium analysis 
of the seven compounds: H,, CO,, CO, H,S, SO,, $0, and S, (or S,). Since the nrrmber 
of compounds is seven and the number of atoms is four ( H ,  C, 0, S ) ,  only 7 - 4 or 
three reactions between these compounds were needed to completely describe the sys- 
tem from the standpoint of thermodynamic equilibrium. The following reactions were 
selected (others are possible) to completely define the system from a thermodynamic 
standpoint : 

3H, t SO, --> H,S t 2H,O, 
CO t b0 --> C02 t H2, and 
4 t 1/2 SO, --> H,O + 1/16 SI. 

I 

The state of the catalyst ie constant and was not incorporated into the analysis. 

Starting with a mixture containing about 2% SO,, 4% CO t H,, 4% CO, + H,O, and the 

Since more than 90% yield was observed experi- 
balance N,, the predicted yield of elemental sulfur as S , i s  about 60% of the inlet 
sulfur at 20 atmospheres and 700 'C. 
mentally, it is postulated that the elemental sulfur products obtained may be com- 
binations of S,, S,, S,, and SI or higher polysulfides. It is known that S,, S,, and 
SI are not stable at 700 OC at 1 atmosphere. However, data are not available at 20 
atmospheres. The thermodynamic analysis, in any event, lends credence to the re- 
sults obtained in the laboratory. 

Tests were performed using the fixed-bed reactor system shown in Figure 1. The 
system consists Of a 1-in. O.D., 0.87-in. I.D., Alon-processed 316 stainless steel 
reactor, a gas feed system, and a filter/condenser for the removal of elemental 
sulfur and water. 
trolled by mass flow controllers. 
jects water into the gases before an electric heater prior to entering the bottom of 

Premixed gases flow from pressure regulated gas bottles, con- 
A high pressure, positive displacement pump in- 
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t he  reactor.  
s u l f u r  on the f i l t e r .  
through a back pressure regulator ,  which controls the bed pressure.  
i s  continuously withdrawn before the back pressure valve. 
H,S and SO, by gas chromatography and a continuous SO, analyzer. 
r a t e  i s  measured pe r iod ica l ly  using a soap bubble meter. 

After ex i t i ng  the reactor ,  the gas ' i s  cooled t o  160 OC t o  condense 
Water i s  removed i n  a condenser and then t h e  dry gas flows 

A sample of gas 

The ou t l e t  gas flow 
The gas i s  analyzed for 

Tests were conducted t o  evaluate t h e  e f f ec t s  of pressure,  temperature, space 
These t e s t s  were con- velocity,  and steam content on sulfur  recovery i n  the DSRP. 

ducted over a wide range of pressures up t o  40 atmospheres and a t  temperatures from 
about 390 t o  700 'C. 
per cubic centimeter hour, s cc / ( cc ) .h r  were evaluated. Steam content ranged up t o  
25% by volume. 
simulated coal gas; however, a number of runs demonstrated the oxidation of f$S and 
the  r eve r s ib i l i t y  of t h e  reactions.  A large database was generated t h a t  deals with 
the  conversion of SO, t o  elemental sulfur  over t he  range of conditions and i n l e t  gas 
compositions shown i n  Table 1. 

Space veloci t ies  ranging up t o  5500 standard cubic centimeters 

The work focused on t h e  reduction of SO, t o  elemental sulfur  w i t h  

A l l  experimental runs were carried out i n  a single-stage fixed-bed reactor  with 
The two s i zes  allowed invest igat ion of a range of 

Blank runs without 
Experimental re- 

e i the r  25 o r  50 cm of ca t a lys t .  
space ve loc i t i e s  within t h e  capacity of t he  gas del ivery system. 
the catalyst  showed t h e  reactor  walls t o  be e s sen t i a l ly  inact ive.  
s u l t s  a r e  surmnarized i n  Figures 2 through 6.  

The i n i t i a l  invest igat ions focused on the e f f ec t s  of pressure, space velocity,  
and temperature on t h e  conversion r a t e  of SO, t o  elemental sulfur .  
greatest  e f f ec t  was observed by varying the pressure a t  a near constant temperature 
of 650 'C. (See Figure 2 . )  Beginning s l i g h t l y  above atmospheric pressure, conver- 
s ion t o  elemental su l fu r  was about 20%. which quickly rose t o  near 60% a t  10  a tms-  
pheres and then t o  over 90% near 20 atmospheres. Doubling the pressure t o  40 
atmospheres increased the  conversion t o  95%. In comparison, one stage of a Claus 
reactor may r e su l t  i n  a 60 t o  70% conversion, resul t ing i n  the typ ica l  commercial 
pract ice  Of using t h r e e  s tages  of Claus reactors with intercool ing between each 
stage t o  obtain 90% conversion. In addition, the hourly gas space veloci ty  i n  a 
Claus ranges near 1000 scc / ( cc ) .h r ,  while t he  r e su l t s  shown i n  Figure 2 were ob- 
tained a t  a space ve loc i ty  near 1800 scc / ( cc ) .h r .  
permits higher space ve loc i t i e s  and therefore  smaller s i z e  reactors,  or higher 
through-put with a f ixed s i z e  of reactor.  
scc/(cc)  .hr can be used i n  t h e  DSRP as  shown i n  Figure 3. 

By f a r  the 

The higher pressure of t he  DSRP 

Even space ve loc i t i e s  higher than 1800 

Data presented i n  t h e  upper band of Figure 3 were obtained a t  a constant pressure 
of 2.0 atmospheres and a t  temperatures from 550 t o  650 O C .  

veloci ty  Of 5500 scc / ( cc )  .hr,  conversion was impacted t o  a small degree, e s sen t i a l ly  
remaining above 30% a t  t he  extreme flow ra t e .  Space ve loc i t i e s  ranging from 1800 t o  
5500 scc/ (cc) . hr resul ted i n  conversion r a t e s  varying between 30 and 95% near 550 
'C. The var ia t ion was l e s s  pronounced a t  temperatures near 650 'C, remaining closer 
t o  95%. I n  contrast ,  t he  impact of space velocity a t  t he  lowest pressure of near 
1 .5  atmospheres was dramatic. 

Up t o  a maximum space 

The lower l i n e  i n  Figure 3 i l l u s t r a t e s  the impact. A variat ion i n  space veloci ty  
from 400 t o  1800 scc / ( cc )  .hr  cuts  the conversion r a t e  i n  half ,  i . e . ,  from about 46% 
t o  near 20%. 
upper band obtained a t  20 atmospheres pressure.  We can also compare the r e su l t s  a t  
varying pressures but a t  a f ixed space veloci ty  of 1800 scc / ( cc ) .h r  and a temper- 

A s  a r e s u l t ,  t he  slope of t he  lower l i n e  i s  much steeper than the 
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ature of 650 OC ( i . e . ,  point A a t  1.5 atmospheres t o  point B a t  20 atmospheres). 
the lower pressure,  t he  conversion is near 20% while a t  t he  higher pressure,  the  
conversion i s  well over 90%. 
the DSRP. 

A t  

T h i s  shows tha t  pressure plays an important ro le  i n  

The data i n  Figure 3 a l so  confirm the  much higher throughput possible a t  higher 
pressure. 
not even approach the  90% achieved a t  higher pressure,  which prevents an exact com- 
parison. 
space velocity,  which was a t  the  l imi t s  of the  laboratory gas supply system. 
fore, high conversion r a t e s  can be achieved using the  DSRP even a t  extreme flow 
ra tes ,  provided the  pressure i s  suf f ic ien t ly  high. 

A t  t h e  lowest space velocity while a t  the  lower pressure,  conversion does 

A t  t he  higher pressure, t h e  conversion i s  hardly a f fec ted  a t  t he  highest 
There- 

Somewhat analogous t o  the  e f f ec t  of pressure i s  the  e f f ec t  of temperature, but t o  
a much l e s se r  degree a s  shown i n  Figure 4 .  
mental su l fur  remains well above 90% and i s  e s sen t i a l ly  unaffected by any increase 
in  temperature. These r e su l t s  obtained at a constant pressure of 40 atmospheres a re  
s ign i f icant  because t h e  in sens i t i v i ty  of both conversion r a t e  and ca ta lys t  t o  tem- 
perature r i s e  and thermal degradation is  demonstrated. The ca t a lys t  has yet t o  show 
any s ign  of deactivation over hundreds of hours of t e s t ing ,  including r epe t i t i ve  
t e s t ing  of a s ing le  ca ta lys t  material  and even with an accidental  excursion t o  760 
'C. 
i s  scaled-up t o  p i lo t - sca le  and la rger  s i ze .  

A t  440 OC and above, conversion t o  ele- 

The possible e f f ec t s  of thermal degradation may become more evident as  t he  DSRP 

The e f f ec t  of the  steam content of t he  gas on conversion of SO, t o  elemental sul- 
fur  was evaluated. The Claus equilibrium is l imited by the  water content of the  
gas, which must be removed i n  t h e  intercooling s t ep  between stages.  However, t h i s  
disadvantage i s  not experienced with t h e  DSRP a t  high temperature and pressure. 
Figure 5 shows results a t  20 atmospheres of pressure and a t  temperatures varying 
from 600 and 700 'C. 
produced v i r tua l ly  no impact on the  conversion r a t e  above 5% steam. 
low 5% may be questionable since data from some ea r ly  runs a re  included tha t  may not 
have been a t  optimal conditions. However, t he  in sens i t i v i ty  t o  steam indicates t ha t  
the  conversion i s  not l imited by the  Claus equilibrium, a t  l e a s t  a t  f i r s t .  As t he  
overall  su l fur  content i n  the  gas drops t o  the  ppm leve l  and a s  H,S and SO, l eve ls  
become comparable, an equilibrium may be established t h a t  i s  not a f fec ted  by steam 
content a t  high temperature and pressure. 
sion r a t e  a re  de f in i t e ly  dependent on stoichiometry. 

Steam content i n  t h e  i n l e t  gas ranged from about 1 t o  25% and 
The e f f ec t  be- 

In  contrast ,  t he  equilibrium and conver- 

Figure 6 presents t he  concentration of SO, and the  reduced su l fu r  compounds COS 
and H$ t ha t  a r e  found i n  the  ou t l e t  as the  molar r a t i o  of reducing gases was var- 
ied.  The molar r a t i o  was varied closely, a t  about a stoichiometric r a t i o  of two 
moles of reducing gas, e i the r  as  H, or CO, t o  one mole of SO, i n  t h e  i n l e t .  A s  t he  
reducing content i n  t he  gas increased, t he  residual content of SO, i n  the  gas de- 
creased and the  reduced compounds of su l fur  increased. This confirms the  equi l i -  
brium nature of the DSRP and demonstrates t h a t  t he  components i n  the  ou t l e t  can be 
controlled.  Figure 6 a l so  shows tha t  su l fur  conversion i s  optimized as  the  s to i -  
chiometric r a t i o  of 2.0 i s  approached, demonstrating the  importance of controll ing 
molar r a t io s .  The da ta  a l so  suggest t h a t  H$ i n  a gas stream could be e f f i c i en t ly  
converted t o  elemental su l fu r .  

The d i rec t  conversion of hydrogen su l f ide  t o  elemental su l fu r  was confirmed i n  a 
short  s e r i e s  of experiments. 
r a t e  was observed when 2.5% 4.5 and 0.6% COS i n  nitrogen were reacted over a cata- 
l y s t  w i t h  a stoichiometric amount of oxygen a t  a one-to-one molar r a t io .  
carefu l ly  controlled experiment, over 95% conversion t o  elemental su l fur  was ob- 

In  one preliminary experiment, an 88.2% conversion 

In a more 
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tained. It can be 
s igni f icant  t ha t  t h e  DSRP removes reduced su l fu r  species e i t h e r  a s  H,S or COS from a 
gas stream. This  introduces the  poss ib i l i t y  of t r ea t ing  a var ie ty  of i ndus t r i a l  gas 
streams. 

These i n i t i a l  experimental r e su l t s  require fu r the r  confirmation. 

CONCLUSIONS 

Experimental results ind ica t e  tha t  t h e  Direct Sulfur Recovery Process, DSRP, can 
convert SO,, COS and H,S d i r e c t l y  t o  elemental su l fu r  a t  conversion r a t e s  near 95% 
i n  a s ing le  stage, and above 99.5% a f t e r  two stages.  

Pressure has the  most s ign i f i can t  e f f ec t s  i n  terms of increased conversion t o  
Gas hourly space velo- elemental su l fu r  and increased throughput with the  DSRP. 

c i t i e s  over 5500 scc/ (cc) . hr  and above can increase the throughput. 

Above a threshold temperature and depending on pressure,  conversion r a t e s  remain 
above 90% with l i t t l e  impact caused by fur ther  increases i n  temperature. 

The DSRP i s  in sens i t i ve  t o  the  steam content of t he  gas, which distinguishes it 
from other  processes t h a t  r e ly  on Claus equilibrium reactions.  

Gas streams containing concentrations of su l fur  compounds a s  low a s  0.85%, pos- 
s ib ly  even lower, can be t r ea t ed  using the  DSRP t o  e f f i c i e n t l y  recover elemental 
su l fur .  

Gas phase equ i l ib r i a  a r e  established i n  the  DSRP (space velocity over a wide 
range has l i t t l e  impact on the  products of reaction) t h a t  can control t he  compo- 
s i t i on  of t he  o u t l e t  gas f o r  SO2 content or reduced su l fu r  compounds by controll ing 
the  stoichiometric r a t i o  a t  the  i n l e t  of the  reac tor .  

The conversion t o  elemental su l fur  can be optimized by cont ro l l ing  the  stoichio- 
metric balance of gaseous components a t  the  i n l e t  of the reac tor .  
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Table 1. Inlet Cas Composition 

COMPONENT % bv Volume 

0.85 - 1.9  
1.0 - 25.0 
0.65 - 1.6 
0.85 - 2.1 
0.25 - 0.6 

Balance 

\ \  
n \  

"I 

Figure 1. High-Pressure Pixed-Bed Test Apparatus 
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Figure 2.  Effect of Pressure on the DSRP 
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