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INTRODUCTION. 

Natural gas is a premium fuel because of its high heating value 
(210.8 kcal/g-mole methane; and clean burning characteristics. 
However, transportation costs from source to market may prevent 
its fuel use. ~lternative uses of natural gas are conversions to 
chemicals and liquid fuels. Natural gas is the favored startiny 
material for ammonia and methanol. Natural gas can also be 
converted to easily transportable liquid fuels. However, 
conversions to alternative fuels with lower heating values (-156- 
167 kcal/carbon atom for hydrocarbons; 170.9 kcal/g-mole for 
methanol) can be rational and economical only under special 
circumstances. 

Excellent reviews are available by Rostrup-Nielsen (1). Fox (21, 
Mills (3), Fierro (4), Lunsford ( 5 ) ,  Kuo et al. (6), and by many 
others on the research and development status of the natural gas 
conversion technologies. By comparing salient chemlcal. 
technological, historical and economic features of the malor 
conversion technologies, this study 1 s  an attempt to define the 
best opportunities for further technological advances. 

SYNTHESIS GAS FROM NATURAL G A S .  

Synthesis gas is a common intermediate in the syntheses of 
ammonia, methanol and synthetic crude. Natural gas can be 
converted to synthesis gas by three different reactions: 1./ 
Steam reforming. 2./ Reforming by carbon dioxide. 3./ Partial 
oxidations. 

-- Steam reformins, The overall reaction is shown by Equation 1 
(El). This reaction takes place in two steps. First methane is 
decomposed to carbon and hydrogen (E2). which is followed by a 
carbon-steam reaction (E3). All three reactions are endothermic 

I equilibrium reactions and require high temperatures for favorable 
\ equilibria. During steam reforming, the water gas shift reaction 

(E4) is an inevitable side reaction. This latter is exothermic; 
its equilibrium is shifted to its reversal (i.e. to the left) by 
increasing temperature, Steam reforming requires a catalyst. 
Nickel on alumina is used most widely. The temperature of most of 
the reformers is in the 7 3 0 - 8 6 0 ' 1 :  range. Steam is used in large 
excess ( 2 - 5  fold) for faster rates and to prevent carbon build-up 
on the catalyst. 

El CH( t H20 + CO + 3H2 Mzt49.3 kcal/mole (@25%) 

E2 CH4 C t 2H2 AH=+17.9 kcal/mole ( @ 2 5 % )  

E3 C t H20 * CO t H2 DH=+31.4 kcal/mole ( @ 2 5 % )  

E4 CO + H20 --Z CO2 t H2 AH=-9.7 kcal/mole (@25%) 

Review articles (7-10) provide details on the chemistry and 
technology of methane steam reforming. Some aspects are 
highlighted here. Kinetic evidence suggests that the reaction 
rate is controlled by diffusion. Steam reforming is carried out 
in furnaces which contain parallel catalyst tubes made of HK-40 
alloy ( 2 5 %  Cr, 2 0 %  Ni, 0.35-0.45% C). The tubes are designed for 
a minimum life of 10 years. Inside the tubes is the catalyst. The 
tubes are heated from the outside by burners. Reforming pressure 
on the tube side can be as high as 500 psi. since natural gas is 
usually available under high pressure, reforming under pressure 
can result in substantial savings in downstream compression costs 
if compressed synthesis gas is needed. Due to improved heat 
recovery and efficient energy management, current steam reformers 
operate with good thermal efficiency (11-12). 
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Carbon dioxide reforminq. This reaction has much resemblance to 
steam reforming. The overall reaction is illustrated by ES. It is 

E5 CH, t C02 e 2CO t 2H2 AH=+59 kcal/mole (@25*) 

E6 C t C02 t 2CO 4 AH=t41.2 kcal/mole (@25%) 

highly end0thermi.c. It occurs in two separate steps, the first 
step being methane decomposition (E2). In a subsequent step, the 
carbon is gasified by carbon dioxide (E6). The reverse reaction 
of E6 is the Boudouard reaction, which can be a source of carbon 
deposition. Carbon dioxide reforming, as indicated by ES, cannot 
be practiced commercially because the carbon gasification by E6 
is not fast enough to prevent carbon accumulation. Steam addition 
to the feed is required for successful operations. Commercial 
interest in carbon dioxide reforming originates from the need for 
synthesis gas compositions with low H to CO ratios. Haldor- 
Topsoe (13,14) and Calorific GmbH (IS\ reported on process 
developments. The Midrex-Process f o r  the reduction of iron ores 
generates syngas essentially by carbon dioxide reforming with low 
steam usage (16). 

Partial oxidation.-Controlled reaction of methane with oxygen can 
give good yield of synthesis gas. The desired reaction is shown 
by E7. However, early studies (17) have already revealed, that 
even if a 2:l molar mixture of methane and oxygen is reacted, the 
initial reaction is complete burning (E8) and incomplete burning 
(E9 and E10). These are very fast reactions, requiring only 
milliseconds. Following the initial fast reactions, the unreacted 
methane reacts with steam and carbon dioxide generated by the 
reactions E8-ElO. However, these reforming reactions are slower 

E7 CHI t 0.502 --Z CO + 2H2 AH=-8.5 kcal/mole (@25%) 

E8 CHI t 202 -I C02 t 2H20 AH=-192 kcal/mole (@25%) 

E9 CH, + 1.501 += CO + 2H20 AH=-124 kcal/mole (@2S%) 

E10 CH, + O2 -L C02 + 2H2 AH=-78 kcal/mole ( @ 2 5 % )  

by more than an order of magnitude. The reaction temperature 
depends on the preheat temperature of the reagents. Mixing occurs 
in a burner. A flame is spontaneously produced with adequate 
preheat, even though at room temperature the composition would be 
non-flammable. Outside the flame, the temperature quickly falls 
due to the endothermic reforming reactions. The reactor is a 
refractory-lined vessel. The first commercial installation of a 
non-catalytic partial oxidation unit using 95% pure oxygen was in 
the Brownsville synthetic fuel plant in 1950, operating at 425 
psi (18). The new synfuel plant in Malaysia designed by Shell 
International Gas Ltd. uses a similar process (19). 

Partial oxidation can be conducted catalytically. The catalyst 
maintains the reaction without a flame, and accelerates the 
slower reforming reactions to establish thermodynamic equilibria. 
However, truly catalytic partial oxidations have been restricted 
mostly to laboratory studies (20). Most of the commercial 
"catalytic partial oxidation" processes consist sf a sequence of 
non-catalytic partial oxidation and catalytic reforming. 
Synthesis gas generation for copper smelters may involve truly 
catalytic partial oxidation (21). 

The oxidant in the partial oxidation processes can be air or pure 
oxygen. In case of air use, the nitrogen appears in the synthesis 
gas as a diluent. 

Combined reforminq. Steam reforming, carbon dioxide reforming and 
partial oxidation supply synthesis gas with greatly differing 
composition. The H/CO ratios from the three processes are > 3 ,  <1 
and <2. respectively. Combination of the various processes can 
lead to the desired synthesis gas compositions. Furthermore, 
combination of steam reforming and partial oxidation also led to 
the development of more energy-efficient reactors and processes. 
These advances came from BASF (22). Haldor-Topsoe (23). Lurgi 
( 2 4 1 ,  IC1 (25) and Uhde GmbH (261, etc. A recent review by 
Orphanides (27) gives more detail on the progress. Some of the 
advances will be illustrated by specific examples: 
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For ammonia synthesis, hydrogen is required rather than synthesis 
gas. The CO content of the synthesis gas is converted to hydrogen 
and carbon dioxide by the water gas shift reaction (E4). In newer 
ammonia plants, the steam reforming furnaces have been replaced 
by two reactors (Figure 1). T h e  first reactor is the "Gas Heated 
Reformer" (GHR) where about 7 5 6  of the methane is reformed to 
Synthesis gas around 700% and up to 6 0 0  psia. The heat for the 
reforming is supplied by the effluent gases of the second 
reactor. This latter one is an "autothermal reformer" which 
converts the residual methane of the first reactor effluent by 
partial catalytic air oxidation. This combination has the 
following benefits: l./ 1t introduces the nitrogen required in 
the ammonia synthesis step. 2 . /  It generates heat in the second 
reactor which is very efficiently utilized in the first reactor 
and eliminates the need for the bulky steam reformer furnaces. 
Heat transfer in the GHR is much better than in the old furnaces 
because both sides of the exchanger tubes are under pressure. In 
some of the newer ammonia plants, a single reformer replaces the 
two reactors of Figure 1 (as in Figure 2 ) .  

Figure 1. Combined Reforming. Figure 2 .  Schematic Showing of a 
iombined Autothermal Reformer. 

Natural gas 
purification 

Compressed air 

NH3 Combined Shift CO1 Gas puri- Com- 
reforming reaction removal fications pression loop 

Gas + S t.e a m 

The synthesis gas generated by the conventional steam reforming 
furnaces is acceptable for methanol synthesis even though the 
hydrogen content is too high. The combined reforming concept 
shown in Figure 1 is also applicable to methanol synthesis if 
pure oxygen is the oxidant in the second reformer. According to 
Lurgi ( 2 4 ) ,  the process economics are more favorable for the 
combined reforming option because of improved methane to methanol 
conversion efficiency. The Combined Autothermal Reformer (CAR) 
(Figure 2 )  currently under development by Uhde GmbH ( 2 6 )  appears 
attractive for the next generation methanol plants. 

If inexpensive carbon dioxide is available at the site of the 
methanol plant, a combination of steam reforming (El) and carbon 
dioxide reforming (E5) results in more favorable synthesis gas 
composition and also in higher methane-based conversion 
efficiency to methanol. For these reasons, natural gas sources 
with 10-30% carbon dioxide content might be particularly favored 
for methanol synthesis. Indeed, good methanol yield was reported 
from the C02-containing gas fields of New Zealand ( 2 8 - 2 9 ) .  

AMMONIA SYNTHESIS. 

Ammonia production from hydrogen and nitrogen was pioneered by 
Haber and Bosch in 1913. This led to the development of the giant 
ammonia industry which provides fertilizer to agriculture to feed 
the growing world population. Ammonia is one of the largest 
volume chemicals. World production is estimated at 110 MM tons 
per annum. About 8 4 %  of the production goes to fertilizers. 
Ammonia prices during the last fifteen years ranged from less 
than $100/ton to $350/ton due to variations in supply and demand. 

\,, 

1 
L 
I 

Scheme 1. Ammonia Synthesis from Natural Gas and Air. 

Scheme 1 illustrates the process steps involved in ammonia 
synthesis starting with natural gas (7). The ammonia synthesis 
step is shown by Ell. The reaction is exothermic and leads t o  
equilibrium. The synthesis is conducted at 2000-5000 psi and 
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Ell 3H2 t N2 2NHj AS:-26 kcali2moles of NH; 

475-5OOW over an alkalized, promoted magnetite catalyst. About 
13-16% conversion is obtained in commercial recycle operations, 
with 100% selectivity to ammonia. The ammonia is recovered by 
condensation after refrigerating the gas stream. A small purge 
stream is taken from the synthesis loop to prevent inert buildup. 
Two kinds cf converter designs are in commercial use: tubular and 
multiple bed. Recent developments in the synthesis loop include 
more efficient converter designs (30) and the introduction of 
magnetite-ruthenium catalyst combination for higher conversion 
(31). The largest ammonia plants have 1800 t/d capacity. 

During the last two decades, the economics of ammonia production 
have substantially improved due extensive niodernization programs. 
The progress is reflected by reduction of the ener-gy requirements 
i1.e. the heating value of the feed including fuel use) per ton 
of ammonia from about 36 GJ to about 28 GJ. The overall process 
efficie_ncy based on E12 is about 82%. 

E12 

METHANOL SYNTHESIS. 

CHI + 1.3974 H20 + 0.3013 02 t 1.132 Nf + C02 t 2.254 NHl 

Synthetic methanol has become available in 1923. Currently 
worldwide production is approaching 30 MM ton per annum. Nearly 
half goes for formaldehyde synthesis, which represents a 
declining market. Other uses include acetic acid synthesis, 
synthesis of methyl esters, solvent use and recently methyl t- 
butyl ether (MTBE) synthesis. This latter use is rapidly growing 
because MTBE is the most preferred octane booster for 
reformulated gasoline. In recent years, possible "clean fuel" use 
of methanol was also widely studied (32). The energy crises of 
the seventies motivated broad range of scientific research in 
methanol-related subjects as indicated by review articles (33- 
37). In the last two decades, large capacity plants were 
constructed near to inexpensive gas sources, exerting a downward 
trend on methanol prices. During the last decade prices ranged 
between $0.35-0.75Iga1 until a recent escalation to above $l/ga!. 

E13 2H2 t CO C CHjOH AIi=-21.7 kcalimole (@25%) 

The synthesis gas from the reformer requires water removal and 
compression before methanol synthesis. The synthesis (E13) is an 
exothermic equilibrium reaction. The original catalyst was zinc- 
chromium oxide which required high temperatures and pressures. 
Since the late sixties, copper-zinc oxide catalysts have been 
adopted which function well at much lower temperature and 
pressure (230-270%; 700-2000 psi). The reactors in commercial 
service are either of the "quench type" or exchanger type; slurry 
reactors have also been piloted. Synthesis gas conversion is 
about 15% per pass, but the methanol concentration is only 4-7 % 
because of accumulation of inerts and excess reagents in the 
recycle loop. After cooling, the methanol is condensed from the 
reactor effluent; the gases are recompressed and recycled. A 
purge stream is taken from the recycle loop which is rich in 
hydrogen if steam reforming is the source of synthesis gas. 
Methanol can be obtained in up to 98-99% selectivity. Ethers, 
aldehydes, ketones, esters, water, higher aicohols, methane and 
hydrocarbons are the by-products. The energy requirements for the 
various natural-gas based methanol processes are estimated at 
32.4-35.3 GJIton methanol, corresponding to 78-85% carbon based 
efficiency. 

Recent research and development efforts on methanol appear to 
have two different directions: 1./ Finding improved catalysts 
(35, 38-39). 2.1 Increasing conversions to methanol by shifting 
the equilibrium (40-44). 

HYDROCARBONS VIA FISCHER-TROPSCH (FT). SYNTHESES. 

The FT synthesis dates back to 1923 with the discovery of a 
catalyst to convert synthesis gas to hydrocarbon mixtures. Based 
on this discovery, an industry was developed in Germany f o r  the 
conversion of coal-based synthesis gas to synthetic fuels (45). 
The economic justification for this industry collapsed with the 
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end of World War 11, when inexpensive oil became available. In 
the early fifties, a natural gas-based FT plant was built in 
Brownsville, Texas. Unfortunately, economic factors forced the 
shut down of the plant before sustained continuous operations 
could be achieved (18). At about the same time, new markets 
opened up for industrial and household use of natural gas by the 
construction of long distance pipelines, which eliminated the 
economic need for a FT conversion plant. However, the German and 
the American technological advances were utilized and further 
developed by South Africa where a giant coal-based synthetic 
fuels and chemicals industry was established (46-49). The rest of 
the world had very little interest in FT chemistry in the post 
war era until the energy crises of the seventies. These events 
rekindled research and development interests. NOW the technology 
is approaching the status when natural gas conversion to liquid 
fuels and chemicals can be accomplished in commercially viable 
operations under specific circumstances. In 1993, Shell Intl. Gas 
Ltd has started up a large conversion plant in Malaysia, using 
their proprietary new technology (19). Also, since 1993, Mossgas 
in South Africa has been converting offshore gases to fuels using 
Sasol's fixed fluid bed technology (50). 

The FT chemistry and technology has numerous ramifications. Only 
some very basic concepts will be reviewed here. E14 illustrates 
the basic chemistry. The reaction can be considered as a 
polymerization reaction of C1 intermediates. A broad range of 

E14 nCO t 2nH: + ( C H Z ) G  t nH20 OH=-40 kcal/mole CO 

E15 C, = (ln' d.) n df' 
where C, is the carbon selectivity of the product having 
n carbon number and &is the probability of growth. 

products is obtained which are defined by a single parameter, the 
chain-growth probability or alpha according to the Anderson- 
Schulz-Flory (ASF) kinetic scheme (see E15). To-day a good 
qualitative understanding exists about the factors which can 
cause deviations from the ASF kinetics (51). In E14, the products 
are formulated as olefins. While the primary products are, 
indeed, predominantly olefins, the olefins may hydrogenate to 
paraffins in secondary reactions. A variety of oxygenated 
products also forms to some extent. Furthermore, the water gas 
shift reaction (E4) is also a side reaction. E14 is not limited 
by equilibrium. Ru, Ni, Fe, and C o  catalyze the reaction; the 
latter two are the commercial choices. The Fe catalyst are 
usually unsupported, but they need alkali metal and other 
promoters and also require operatioris under pressure. They can be 
used in a wide temperature range (200-350%). Co is more active 
than Fe. It also shows greater hydrogenation tendency for 
paraffin formation. The exothermic heat of the FT reaction is 
very high, requiring well controlled heat removal. With Fe 
catalyst, there is a wide choice for reactor and process design: 
fixed bed, circulating fluid bed, fixed fluid bed and slurry bed. 
For Co catalysts, to date only fixed bed operations were found 
satisfactory. Kinetic studies have amply demonstrated that the 
catalytic activity is limited by diffusion (51-53). 

GASOLINE VIA METHANOL. THE METHANOL TO GASOLINE (MTG) PROCESS. 

As an offshoot of the pioneering work on synthetic zeolites, it 
was discovered in Mobil Oil's laboratories, that methanol can be 
converted to a variety of hydrocarbon groducts over ZSM-5 zeolite 
(54,55). E16 illustrates the types of reactions occurring. 

E16 2CHjOH =?= CH30CHJ + H20 -+ [CH2=CH?] t 2H,O , 
ol igomerizations 
isomerizations 
C-C bond fissions 
a1 ky 1 at ions I aromatizations 

products 

Ethylene is indicated as an intermediate, though this mechanistic 
assumption is debated. The products are mixtures of olefins, 
isoolefins, isoparaffins and aromatics with less than 11 carbon 
Per molecule. The product slate can be varied within certain 
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limits because the relative rates o t  the indicated reactions 
vary, aromatization being the slowest. Subsequently processes 
have been developed for high octane gasoline production from 
methanol. A fixed bed process version was commercialized in 1986 
in New Zealand for the conversion of natural gas to premium grade 
gasoline (28.25). 

COMPARATIVE ECONOMICS. OPPORTUNITIES FOX R6D. 

Previous economic studies have clearly established that the large 
capital requirement is the major obstruction to the evolution of 
a natural gas-based synthetic fuel industry (15.56). Other 
important factors are the cost (i.e. the local value) of the 
natural gas, the quantities of fuel produced by the conversion 
(i.e. the process efficiency) and the market value of the fuel or 
chemicals produced. Table 1 compares salient economic features of 
the natural gas conversion technologies, assuming 100 wscft/day 
natura! gas usage. For the ammonia, methanol and syncrude 
technologies, it can be assumed that the capital cost 
requirements are approximately the same, hence the production 
volumes and the product heating values are directly related to 
the economics of these processes. The gasoline via methanol 
conversion has higher capital requirements because of the extra 
MTG process step. 

ITable 1. Comuarison of Conversion Technoloaies. 100 MMscft/d Gas.[ 
Process 

Technolosv efficiency Weiaht [tons) 
monia (old) 69 3357 
Ammonia (new) 82 3985 
Methanol 78 3154 16.8 

via combined reforming 85 3437 18.4 
syncrude (Shell MDS) 80 1414 16.2 

,. Gasoline (via methanol) 76 1317 14-15 

For syncrude synthesis, 80% methane-based process efficiency is 
estimated from the data reported by Shell. While this is a high 
value, with advances much higher efficiency is possible for the 
following reasons: All the gaseous products from the FT reactor 
can be recycled into synthesis gas generation and hence 100% 
liquid selectivity is possible. Furthermore, energy requirements 
( f o r  compressors, etc.) in the FT process are less than in 
methanol synthesis while more energy is produced in the reaction. 
Hence higher process efficiencies and lower capital requirements 
may be possible in the FT process. Comparing methanol and 
syncrude, it is apparent that methanol is a much preferred 
product over syncrude because of its quantity. However, this 
statement is valid only if methanol can be marketed for chemical 
use. For the fuel market, methanol and Syncrude product values 
are nearly equal on the basis of their heating values. 

To make the syncrude process viable, the simplest possible 
process must be assembled, requiring the lowest amount of 
capital. Furthermore, search must go on to enhance the value of 
the syncrude fractions. It is already known, that syncrude 
commands a premium price, because it is practically free of S and 
N; its Diesel fraction has high cekzne value and its wax 
fractions have high chemical values. In Figure 3 a process scheme 
is shown for staged coproduction of methanol and syncrude. This 
seems feasible because there is an overlap around 450-500 psi 
where syngas generation, methanol synthesis and syncrude 
synthesis all could be accomplished. With coproduction of 
methanol, the quantity and the value of the products are 
increased. Substantial reduction of the capital requirements of 
the syncrude process may be possible by :naking synthesis gas by 
an energy efficient combined reforming technology similar to that 
used in the ammonia industry, with air as the oxidant. In this 
case, the research challenge is the efficient and selective 
conversion of the nitrogen-diluted synthesis gas. It may be 
possible to control the probability of growth in the FT synthesis 
around 0.82, resulting in high selectivity to liquids (see Figure 
4 ) .  This would eliminate the need for hydrocracking of the heavy 
paraffins which is the current practice. Yet another opportunity 
for capital reduction and improving the process efficiency could 
be the introduction of efficient plate exchangers f o r  heat 

Syncrude (possible) 88 1557 17.8 
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exchange duties, including in the design of the reactors. Of 
course, FT catalyst selection and design need to pay special 
attention to minimize the diffusional limitations. 

Figure 3. MeOH-Syncrude Process. Figure 4. MWD at 0.82 Alpha.2 

MeOH Syncrude Carbon number 
'CO catalyst. See reference 57. 

In conclusion, the natural gas conversion technology to synthetic 
fuels offers the best opportunities for advances. Some approaches 
to reduce the capital requirements and simultaneously improve the 
Process efficiency and product values have been outlined. 
Development and demonstration of these opportunities may lead to 
commercially attractive natural gas conversion even at the 
current oil price environment, if natural gas is available at low 
cost. 

REFERENCES. 

1 J.R. Rostrup-Nielsen, Catalysis Today, 21, 257 (1994). 
2 J.M. Fox, Cat.Rev.-Sci.Eng., 35, 169 (1993). 
3 G.A. Mills Paper C43, 13th North American Meeting of the 
Catalysis Society, May 2-7, 1993, Pittsburgh, PA. See also 
Idem, DOE, Nat. Renewable Energy Lab, Hi 1-11208-1 (1992). 

4 J.L.G. Fierro, Catal. Lett. 22, 67 (1993). 
5 J.H. Lunsford, Catalysis Today, 6, 235 (1993). 
6 J.C.W. Kuo, C.T. Kresge and R.C. Palermo, Catalysis Today, 4, 

463 (1989). 
7 T.A. Czuppon, S.A. Knez and J.M. Rovner in Encyclopedia of 

Chemical Technology, Fourth Ed. Vol.2, p.638. Wiley 1992. 
8 J.R. Rostrup-Nielsrn in Catalysis Science and Technology, J.R. 
Anderson and M. Boudart, Eds., Vo1.5, p.1, Springer 1984. 

9 J.P. Van Hook, Catal.Rev.-Sci.Eng. 21, 1 (1980). 
10 F.E. Biasca, R.L. Dickenson, A . J .  Moll, E.D. Oliver, D.R. 

Simbeck, Synthesis Gas for Chemicals and Fuels. Technology, 
Economics and Market Outlook. SFA,Inc. Final Report, October 
1983. 

1 
\, 

1 

I 
1. 

11 J.D. Fleshman, Chem.Eng.Progr., October 1993, p . 2 0 .  
12 J.R. LeBlanc, Energy Progress 5 (11, 4 (1985). 
13 J.R. Rostrup-Nielsen in Catalyst Deactivation, C.H. 

Bartholomew and J.B. Butt, Eds,, Elsevier, 1991. See also 
Idem, J-.Catal., 85, 31 (1984). 

OilLGas J . ,  March 9, 1992, p.62. 
14 N.R. Und+rgaard, 3-H.B. Hansen, D.C. Hanson and J.A. Stal, 

15 S .  Teuner, Hydr.Proc,, May 1985, p .  106 and July 1987, p.52. 
16 H-J. Toepfer, GWF-Gas/Erdgas, 117, 412 (1976). 
17 Prettre, Ch. Elchner and M. Perrin, Trans.Far.Soc., 42, 335 

18 Anonymous, Chem.Eng.Progr., 53 (lo), 1957, p.50. 
19 P.J.A. Tijm, Preprint, Fuel Division, ACS, 39, 1146 (1994). 
20 S.S. Bharadwaj and L . D .  Schmidt, J.Catal., 146, 11 (1994: and 

21 J . B .  Huttl, Eny.6 Mining J . ,  162 (7). 82 (1961). 
22 H. Sachsse, Chem.-1ng.-Technik, 21 (1/2), 1 (1949). 
23 Anonymous, Chem.Eng. July 9, 1 9 6 2 .  p . 8 8 .  
24 E. Suyp, Hydr.Proc., July 1964, p . 4 3 - C .  
25 D. Kitchen and A. Pinto, Ammonia Plant Safety, 31, 219 (i991). 
26 H-D. Marsch and N. Thiagarajan, Ammonia Plant Safety, 33, lOS, 

27 P. Orphanides, Ammorlia Plant Safety, 34, 292 (1994). 
28 3 .  Haggin, C&EN, June 22, 1987, p.22. 
29 C . J .  Maiden, Chemtech, January 1988, p.38. 
30 N. Shannahan, Hydr.Proc., January 1989, p.60. 
31 S.A. Knez, D.O. Moore and R.V. Schneider, Kellogg Ammonia club 

(1946). 

references cited therein. 

(1993). 

Meeting, San Diego, CA, August 1990. 

103 



32 M.D. Jackson and tar1 B. Moyer in Encyclopedia of Chemical 

33 E. Supp, How to Produce Methanol from Coal. Springer, 1990. 
34 K.C. Waugh, Catalysis Today, 15, 51 (1992). 
35 G.C. Chinchen. J.P. Denny. J.R.'Jennings, M.S. Spencer and 

36 J.C.J. Bart and R.P.A. Sneeden, Catalysis Today, 2 ,  1 (1987). 
37 K. Klier in Advances in Catalysis, Eds. D.D. Eley, H. Pines 

36 D.L. T r i m  and M.S. Wainwright, Catalysis Today, 6, 261 (1990) 
39 R.A. Koeppel, A. Baiker and A. Wokaun, Appl.Cata1.A:General. 

40 D.M Brown, B.L. Bhatt, T.H. Hsiung, J.J. Lewnard and F.J. 

41 J.M. Berty, C. Krishnan and J.R. Elliott, Chemtech, October 

12 K.R. Westerterp, M .  Kuczynski and C.M.M. Kamphuis, 1nd.Eng. 

43 J.B. Hansen and F. Joensen in Proc. Nat. Gas Conversion 

44 S.G. Nrophytides and G.F. Froment, 1nd.Eng.Chem.Re.s. 31, 1583 

45 H.H. Storch, N. Golumbic and R.B. Anderson, The Fischer- 

46 M.E. Dry and H.B.deW. Erasmus, Ann.Rev.Energy, 12, 1 (1967). 
47 M;E. Dry in Catalysis Scicnce.and Technology. Eds. J.R. 

Anderson and M. Boudart, Vol.1, p.159. Springer, 1961. 
48 M:.E.  Dry, Catalysis Today, 6, 183 (1990). 
$9 B. Jager, M.E. Dry, T. Shingles and A.P. Steynberg, Catsl. 

50 Anonymous, OilbGas J . ,  Jan.20, 1992, p.53. 
51 R.S. Hurlbut, I. Puskas and D.J. Schumacher, This Symposium. 
52 M.F.M. Post, A.C. van't Hoog, J.K. Minderhoud and S . T .  Sie, 

53 R.E.Anderson, J.F. Shultz, L.J.E. Hofer and H.H. Storch, 

Technology, Fourth Ed., Vol.1, p.826, Wiley, 1991. 

K.C. Waugh, Appl.Catal., 36, 1 (1988). 

and P.B. Weisz, Vo1.31, p.243, Academic Press, 1962. 

84, 77 (1992). 

Waller. Catalysis Today, 8, 279 (1991). 

1990, p.624. 

Chem.Res., 28, 763 (1989). 

Symposium, Oslo, Aug.1990, p.457, Elsevier, 1991. 

(1992). 

Tropsch and Related Syntheses, Wiiey, 1951. 

Lett. 7, 293 (1990) 

AIChE Journal, 35, 1107 (1989). 

Bulletin 580, Bureau of Mines, US Govmnt. Printing Office, 
1959. 

54 S.L. Meisel, J.P. Mc Collough, C.H. Lechthaler and P.B. Weisz, 
Chemtech, February 1976, p.86. 

55 C.D. Chang and A.J. Silvestri, J.Catal., 4 7 ,  249 (1977). 
56 D. Gray and G. Tomlinson, Coal Liquefaction and Gas Conversion 

Contractor's Review Conference, Sept, 7-8, 1994, Pittsburgh. 
57 I. Puskas, R.S. Hurlbut, R.E. Pauls, J.Catal., 139, 591 (1993) 

104 



NEW PROCESS DEVELOPMENT OF NATURAL GAS CONVERSION 
TECHNOLOGY TO LIQUID FUELS VIA OCA4 REACTION. 

Tomoyoshi Sasaki, Shinichi Suzuki, Takashi Kojima 
Japan National Oil Corporation 

1-2-2 Hamada, Mihama-ku, Chiba-shi, 261 JAPAN 

MasamiYamamura 
Japan Petroleum Exploration Co.,Ltd 

1-2-1 Hamada, Mihama-ku, Chiba-shi, 261 JAPAN 

Tomohiro Yoshinari 
Cosmo Research Institute Co.,Ltd 

1 134-2 Gongendo, Satte-shi. Saitama-ken, 340-01 JAPAN 

Keywords: Natural gas conversion, Oxidative coupling of methane, Circulating fluidized bed 

Abstract 

The conversion of methane via an OCM (Oxidative Coupling of Methane) to transportable 
liquid fuel has been investigated in order to utilize remote natural gas effectively. A conceptual 
view of this new process was developed for gasoline production based on reviews of other 
conventional processes and sensitivity analyses. The process developed, "ORIGINAL". is 
characterized by simplification of the total process and application of an advanced fluidized bed 
reactor to the OCM reaction. Full economic comparisons between the "ORIGINAL" and 
conventional OCM technologies were canied out. The results showed that the "ORIGINAL" 
process is substantially more economical when compared with existing technologies under the 
same conditions. 

Introduction 

Many natural gas fields have been discovered recently in Southeast Asia, which has become 
one of the main areas for oil and gas exploration. In many cases, however, the developments of 
the discovered gas fields have been obstructed by the demand for large investments in the 
transportation facilities (e.g.. gas pipeline) and other related infrastructure. 

Some liquefaction methods of natural gas, which include liquefying natural gas at an 
extremely low temperature (LNG). and converting natural gas into liquid fuel through the 
synthetic gas, have already been put into industrial use. These methods, however, also require 
large investments in the facilities and are expensive to operate. Consequently, even the existing 
methods remain a significant obstacle in the development of natural gas fields, in particular 
marginal fields. 

Thus, to exploit natural gas resources more widely, a new method is required which converts 
natural gas into liquid fuel more efficiently and economically than the existing methods. With this 
in mind, the purpose of this study is to research and to develop a new process which converts 
methane, the main component of natural gas, into liquid fuel (e.g., gasoline), rather directly than 
through synthetic gas. 

Scope of work 

First of all, we devoted our time largely to reviewing the current development trends 
overseas, and conducted a feasibility study. Among the various direct reaction processes in which 
methane is converted into a highly reactive intermediate product, the oxidative coupling of 
methane (OCM) reaction process, in which ethylene is the intermediate product, was chosen from 
the standpoint of economic efficiency and feasibility in practical use. Furthermore we conducted a 
sensitivity analysis on the existing OCM processes which we thought promising, to evaluate the 
impact of various process parameters on the economy of the process itself. A "conceptual view" 
of the newly integrated "ORIGINAL" process was developed on the basis of these findings and 
the process was evaluated from the standpoint of economy. 
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Description of the conventional technology 

A sensitivity analysis was carried out on the conventional methane conversion technology[Z] 
[3]. This liquid fuel synthesizing process is based on the OCM. Conceptual block flow diagrams 
of this process, which have been modified under our consideration to simplify the process, is 
shown in Figure 1 .  

This process called Co-feed mode is characterized by point that methane and oxygen are 
co-fed to the oxidative coupling reactor, therefore air separation unit is required. Pyrolysis of C2 
+hydrocarbon is undergone at the upper side of the reactor which oxygen is relatively free. The 
pyrolysis approach leads to the removal of heat from the OCM reaction and the production of 
more olefins. Coupling products after separation of unconverted methane and byproducts are fed 
with oligomelization reactor. Higher hydrocarbon produced are refined to gasoline in a distillation 
unit. Unconverted methane,carbon oxide and hydrogen mixed with natural gas are fed to a 
decarbnator to remove carbondioxide. In the following methanation reactor, carbonoxides are 
converted to methane by the hydrogen produced in the pyrolysis reactor in order to utilize natural 
gas effectively. 

Sensitivity analysis of existing processes 

In discovering factors relative lo product costs, we conducted sensitivity tests on the 
parameters listed below regarding conventional technology. When each factor was analyzed to 
study the causative effect on economics, other parameters took respective basic values underlined 
to ignore an effect of themselves. 

( I )  Plant scale (natural gas volume) : lO,5Q!,lOO (* I O  thousand Nm3/D) 
(2) Methane conversion ratio : 10.B.20 (%). 
(3) C2+ selectivity : 70,@,90 (%), 
(4) Reaction pressure : 
(5) GHSV : 5000,10000,20000 (hr-I) 
(6) C5+ yield rate : 
(7) Natural gas price : 

The impact of variable factors on the gasoline production cost is shown in Figure 2. Within 
the scope of the present evaluation, the reaction results of the oxidative coupling process had a 
much more significant impact than those of the polymerization process. In general, several 
sensitivity studies indicated that C2+ selectivity was more important economically to the OCM 
reaction than methane conversion ratio. This sensitivity analysis showed that the reaction results 
for the methane conversion ratio were found to have been subject to a much more significant 
impact within the various factors involved in the oxidative coupling reaction under these 
conditions. Among the factors other than the reaction result, plant size was the significant factor 
which had the most impact on gasoline production cost. 

We also carried out the sensitivity analysis with respect to conventional Redox-mode process 
[I] and got the same tendency with Co-feed mode. 

1.4, I O  (Kg/cm2G) 

60.70.80 (%) 
0 .5U,2 .0  (VMMBTU) 

ORIGINAL process implication 

A conceptual view or tine basic original overall process "ORIGINAL" was developed for 
gasoline production on tile basis of reviews of the conventional processes, sensitivity analysis and 
reaction results likely to be obtained in the oxidative coupling reaction and polymerization 
reaction. A general outline of the designed process can be seen on flowsheet (Figure 3). 

This process incorporated the OCM and pyrolysis reaction is similar to the Co-feed mode 
OCM process. It also includes facilities for oligomerization, product separation and methanation. 
The following two points characterize the new process. In general, with conventional technology 
wholly recycled gas including unconverted methane is fed to the decarbonation unit to remove 
C 0 2  and treated recycled gas enters the methanator with new additional C 0 2  which corresponds 
with H2 and CO in order to enhance the carbon utilization efficiency. 

Firstly, the flowsheet shows recycled unconverted methane gas, hydrogen, C 0 2  and CO are 
split in two and are fed to a decarbonator and a methanator respectively. Regarding reduction of 
scale of the decarbonation unit, i t  is effective to feed directly part of the recycled gas, including 
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Go2 Corresponding to methanation with the methanator, not through the decarbonator. The 
integrated process with the conceptual view is economically competitive compared with existing 
methods because of the reduced plant cost. 

Secondly, the question which we must consider is what types of reactor to apply to the OCM 
reaction. The OCM reaction is very exothermic and operated in a relatively narrow tempvahlre 
range, placing high demands on heat removal and temperature control. In general, application of 
the fixed bed for OCM reactions has several disadvantages, difficulty selecting cooling agents and 
a complicated reactor structure. As for the bubbling fluidized bed reactor, which has a high heat 
transfer coefficient, scaling-up is known to be an important problem. 

This research activity has also led to the identification of new natural gas conversion concepts 
using a circulating fluidized bed design with a riser reactor. This reactor is used to combine the 
methane oxidative coupling step with the pyrolysis of ethane and higher alkane components 
present in natural gas, to provide an efficient method for total conversion of natural gas to liquid 
fuel. The circulating fluidized bed is schematically illustrated in Fig. 4. The OCM is carried out in 
the riser reactor as FCC technology and an important feature of the process is pyrolytic conversion 
within a bubbling fluidized bed, which is the disengaging section located at the top of the riser 
zone, using heat generated by the OCM reaction via catalyst particles. For the circulating fluidized 
bed, it is possible to recycle the catalyst continuously, and to replace it if deactivation occurs. The 
temperature inside both reaction phases can be easily controlled and scaling-up to a commercial 
size is relatively simple. 

Economic evaluations 

The concept of the ORIGINAL process was then evaluated from the standpoint of process 
efficiency. From the sensitivity analysis, we understood that the methane conversion ratio is more 
important than C2+ selectivity under our condition. Therefore we investigated process efficiency 
and plant costs in a high methane conversion region. A correlation between methane conversion 
and C2+ selectivity, which is derived from extrapolation of catalytic performances of the best 
catalysts known in literatum at present[4], used in our evaluations is shown in Table 1 . 

Under these conditions we calculated the investment cost on plant construction regarding 
ORIGINAL as shown in Figure 5 and found CASE-2 to be the more economical condition. 
Furthermore the economic evaluations of ORIGINAL and conventional technologies in the region 
of high methane conversion (25- 30%) are summarized in Table 2. The results showed that 
ORIGINAL is more economically feasible compared with existing technologies. 

Conclusion 

I 

We have analyzed the relationship and causative effects of several factors on plant and product 
costs to existing methods. It was noted that the rate of methane conversion was economically 
significant compared to C2+ selectivity under 30% methane conversion. On the basis of these 
results we have designed a new process with conceptualized the circulating fluidized bed reactor to 
OCM reaction and carried out the economical evaluations. The result showed that the correlation 
between about 30% of methane conversion and 77% of C2+ selectivity was the optimum 
condition for reducing plant costs for our process. Furthermore. this ORIGINAL process has 
shown to be more efficient and economically feasible than conventional technologies under the 
same conditions. 
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Figure 1. Block Flow Diagram of Conventional OCM Process 

70 80 90 I 4 IO 5 10 20 60 70 80 0.5 I 2 
at Prc\wc SV Oltgomctimion Naiurnl Cas 

( % I  (%I ( USf l MMBTU 1 
Sclcclirify ( KG ) ( X laa I U+ Yield PtiCC 

Figure 2 .  Effects of Various Factors on Gasoline Cost 
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Figure 3. Block Flow Diagram of ORIGINAL Process 
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Table 2 .  Comparison of Process Efficiencies and Plant costs 
( Plant Capacity : 2.100 BPSD) 

OCM REACnON CONDITION 

3 0 ,  25 30 25 ; 30 METHANECONVERSION (%) 

a+ S U E C n V r r Y  (%) 11 80 i 71 

Puvrr COST (MMI) 88 103 i 91 

THERMAL E m C l F J K Y  (%) 57.8 57.1 55.0 

80 i 77 
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iNTRODUCTlON 
Most of the reported work on catalytic partial oxidation (CPO) of methane to syngas has concentrated on 
catalyst development and testing in fixed bed reactors at atmospheric pressure (1). Very few workers 
have investigated CPO in fluidised bed reactors (2-4) or at elevated pressures (5,6). All results reported 
for high pressure experiments were obtained either with diluted (with excess steam or inert gas) or 
non-stoichlornetric (low oxygen) feeds and are therefore not indicative of the performance under 
conditions required for a commercial plant. In this paper we report the results obtained in fixed and 
fluidised bed readors at atmospheric and elevated pressures with a methane to oxygen ratio of 2. These 
results are discussed in the context of further development of the CPO process. 
EXPERIMENTAL 

The catalyst tested in this work was 0.25%Rh/5%ZnO/yA120r The experiments were carried out using 
three readors made of silica : fixed bed and fluidised bed, the latter type configured either in the 
conventional way with porous distribution plate or as a spouted reador (Fig 1). The design of the spouted 
reador was such that methane and oxygen were mixed immediately before entering the catalyst bed. 
The spouted reador was designed specifically for experiments at high pressures where short mixing 
times were important to limit the contribution of non-catalytic gas phase readions between methane and 
oxygen. 
Typlcal experimental procedure was as follows. Prior to each experiment the catalyst was reduced in 
flowing hydrogen (CIG, >99%, 500 mumin) at 500'C for 3 hrs and cooled to ambient temperature. Flaws 
of methane (Matheson. >99%) and oxygen (CIG. 99.99%) into the reactor were adjusted to the desired 
level using mass flow controllers (Brooks 5850TR). keeping CHJO, ratio = 2. The reactor temperature 
was raised slowly until the reaction was initiated (300 - 500%) and then stabilised at constant level. Afler 
the readion reached steady state, the products were analysed several times under each set of 
conditions. 

RESULTS AND DISCUSSION 
The performance of the rhodium catalyst at different space velocities in the fixed bed reactor is shown in 
Figure 1. At temperature of 900'C methane convefsion and syngas selectivity are dose to equilibrium 
and do not vary with contact time. At 8OO'C the departure from this pattem.becomes noticeable and both 
the conversion and the seledivity increases with decreasing contad time. This trend becomes even 
more pronounced at 700'C. At gas flows above 300 W g  it was impossible to maintain the reaction 
temperature at 700'C even after removal of the external heater. In some cases temperature differences 
across the catalyst bed exceeded 150%. 
This example is a good illustration of the autothermal character of the partial oxidation reaction. It also 
points to the major disadvantage of the fixed bed reactor. namely the heat transfer limitation leading to 
the formation of the . hot spot' in the upper zone of the catalyst bed. Even at lowest gas flaws used 
overheating of the top layers of cataiyd was noticeable. 

Entirely different behavior was observed in fluidised bed reactor. Even though the range of space 
velocities feasible in this type of reactor was restricted by the terminal velocity. some valid conclusions 
can be drawn from the comparison. 

First. methane conversions are generally lower compared with fixed bed reactor. This is most likely the 
result of much better heat dissipation within the catalyst bed. The highest observed temperature 
differences between the top an the bottom of the reactor were 40'C and in most cases fell below 20'C 
despite the fad that the diameter of the fluidised bed reador was almost three times larger than the fixed 
bed reactor. 
Second, both methane conversions and carbon monoxide selectivities tend to decrease with increasing 
gas flows indicating the lack of autothermal effed. Similar pattern was observed for hydrogen 
selectivities. except that they tend to increase at space velocities below 30 uhlg before declining at 
higher gas flows. This effect is probably caused by secondary reactions (i.e. combustion of hydrogen) at 
longer contact times. 

The greater thermal stability of a fluidised bed reactor makes it more suitable for carrying out the partial 
oxidation reaction on a larger scale. It also seems that the activity of the catalyst is not an important 
factor within the temperature range >9OO'C needed to achieve high methane conversions required by 
commercial application. since equilibrium is reached easily under wide range of conditions. This is well 
illustrated by the results shown in Figure 4. They show that variation in catalyst loading from 129 to 39 
has no significant effect on performance. 

It appears that apart from efficient handling of heat transfer the greated challenge In predicel 
implementation of partial oxidation as an alternative technology for syngas produdion will be successful 
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and safe operation of the reactor at elevated pressures. The requirement for the use of h!gh pressure is 
drlven mostly by economic factors. Operation at high pressure allows the use of a smaller reactor and 
reduces demand for syngas compression for downstream processas. 
There are IWO major proMem that arise when the reactor pressure inamass. FiM, as pressure exceeds 
about 0 2  MPa, the mixture of CHJO, at ratio of 2 bcomes exploslve. Second, the rates of non-catalylic 
homogeneous gas phase readions between methane and oxygen leading to the formation of a wide 
range of products (methanol, formaldehyde, ligM hydrocartans. carbon monoxide) increese quWy 

One Possible solution to these problems is to preheat methane and oxygen separately and to mlx them 
immediately before intmdudion into the catalyst bed. To achieve this. e spouted reactor equlppad with 
low residence time mixer (appmx. 0.1 ms) was buiH (C. Flgure 1). Ambient pressure tests hew shown 
that its performance was Mentical to the conventional fluidised bed reactor. The results of hlgh pressure 
operation of this reador are presented in Figure 5. They show very minor drop in performance up to 0.8 
MPa pressure. Several attempts to increase the pressure beyond 0.6 MPa were unsuccessful. They led 
to thermal Instability indicated by temperature oscillations and resulted In damage to the reactor vessel in 
the region where methane and oxygen were mixed. 
These results deariy indicate that further research aimed at development of a commerdaily viable 
partial oxidation process will have to conwntmte on the re8ctor design to ovemme problem associated 
with spontaneous lgnlUon of the feed. Possible solutions may include muWpoint oxygen inledion. 
addtion of steam to control the readion exothermicity or the use of several reactors with heat recovery 
between stages. 

The above resuits lead to the following condusions : 
1. Superior heat dissipation characteristics of tluidised bed reactors renders them most witable for the 

2. Further researb, should be aimed at overcoming problems associated with emdent heat removal fmm 
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A 0 . c  

Figure 1. Design of the fixed bed (A, i.d. 10 mm), fluidised bed (B. i.d. 30 mm) and spouted (C. i.d. 30 
mm) reactors. Catalyst (I), preheater (2). thermocouple well (3). All reactors made of silica. 

6. t o D - - w I D I w  

Flgure 2. Spa- veiodty vs. temperature profiles for the fixed bed reactor. ( e) 700'C. ( W ) 800%. 
( *) 9OO'C. Catalyst loading 0.2!5~. particle size *125-250 w. Symbols on rigM axls Indicate 
thermodynamic equilibrium. 

L- 

a=--m 

Figure 3. Space velodty vs. temperature profiles for the fluldised bed reactor. ( e)  700*C, 
( ) 8oo'c, ( * gw'c. catalvst loading 3.0& particle size +180-250 pm. Symbols on right axls 
indicate thermodynamic equilibrium. 
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Figure 4. Effed of catalyst loading on performance in fluldisad bed reador at 700%. ( ( ) 1.Q. 
( m )  3 . m  (*)  e . 0 ~ ~  ( ) 12.w. 

Pressure (MPa) 

Figure 5. Perfomance of spouted reador at high pressure at QOO'C. Catalyst loading 3.@, palticla size 
+250-500 m. ( 0 ) CH, conveslon, ( +) CO and (m ) y seladlvity observed. 
( ) CH, conversion, ( _ _ _  ) CO and ( .......... ) H, seled!vity predicted at equilibrium. 
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Introduction 
Mixed bidentate phosphane ligands such as ether-phosphanes 11 -31, phosphane oxide- 
phosphanes [41, phosphanopyridines and amine-phosphanes [51 containing weak 0- or N- 
donor groups and a strongly electron - donating phosphane group, are known to enhance 
activities or selectivities of Rh-catalyzed carbonylations. Also other transition metals form 
hemilabile 0.P-chelated complexes, which have been extensively reviewed by Lindner [61. A 

Fig. 1. Methanol carbonylation with hemilabile 
Rh complex catalysts 

row of these complexes catalyzed not 
only carbonylations effectively but also 
hydrogenation [71, hydrosilylation 181, 
and ethylene polymerization 191. The 
assumed function of the heterobi- 
dentate ligands in the rhodium 
catalyzed methanol carbonylation is 
illustrated in Fig. 1. It has been 
suggested that the oxygen-donating 
site of the bidentade ligand changes 
between a coordinated and an unco- 
ordinated state during the catalytic 
cycle, thus forming chelate and open- 
chain metal complex structures f1.41. 
The intramolecular generation and 
occupance of free coordination sites, 
stabilizing Rh-intermediates of different 
oxidation states and proceeding faster 
than according intermolecular pro- 
cesses, is assumed to accelerate rate- 
determing steps in the carbonylation 
route. 

. 

Rh-complexes with phosphonate-phosphanes 11 01 appeared as promising catalyst precursors 
because they form hemilabile complexes, which should enhance the necessary creation of free 
coordination sites in Rh'-intermediates by ring-opening of chelate structures and ease the 
generation of the more oxophilic Rh"'-intermediates by 0.P-chelate formation (Fig. 1 ). The 
concept of hemilabile catalysts with chelate structures involved in rate determining steps 
implies that the distance and structure between the phosphane and the phosphonate group 
should affect the carbonylation activity. Unlike the ether-, phosphane oxide-, amino- or 

/ 

pyridine- groups in previously 
described ligands 11-41, the phos- 
phonate group should additionally 
facilitate a surface-anchoring of the 
transition metal complexes on oxidic 
materials such as silica or alumina, 
which is a necessary condition for 
stable slurry- and vapor-phase carbo- 
nylation catalysts. In this paper we 
wish to compare the new soluble Rh- 
complex catalysts 2a - d, derived 
from ligands ?a - d (Fig. 2). with 
known systems and report on the 
influence of the structure between 
strongly coordinated phosphane and 
weakly donating phosphonate 
moiety in homogeneous methanol 
carbonylation. Furthermore, we wish 
to report on supported hemilabile 
complexes and their properties in 
slurry- and vapor-phase methanol 
carbonylation. 

EXD8thl8nt8/ 

l a d  2ad 3as 

A = at. PFe 

Fig. 2. Ligands and catalyst precursors 

The methylene bridged ligand l a  was accessible via reaction of LiCH2P(0)(OiPr)2 with 
bromodiphenylphosphane. Reaction of 2-chloro-ethyl-dimethylphosphonate or 3-bromo-propyl- 
diisopropylphosphonate with diphenylphosphane and potassium-tert.-butylate afforded the 
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phosphonate-phosphanes 1 b and IC. Reaction of the 0,P-ligands with lCIRh(cod)12 gave open- 
chain complexes, 2a - c which could be easily converted with AgEF, or AgPF, into 0,P-chelate 
Structures 3a - c (Fig.2, Fig. 4). The structures of ligands and complexes were verified by MS, 
NMR and IR. A detailed report on preparation details and properties of the starting complexes 
will be given elsewhere 11 11. 
Catalytic activities of the soluble Rh-catalysts were tested in a stirred 100 ml-autoclave made 
Of Stainless steel. During the catalytic runs, the autoclave-pressure was kept constant a t  30 
bar. TO exclude air contact, the autoclave was filled using Schlenk-techniques with 100 rnmol 
methanol, 6 - 48 mmol methyl iodide, 0.05 - 0.2 mmol rhodium complex and methyl acetate 
was used as solvent to reach a total volume of 25 ml. After pressurizing with CO (1 5 bar 
cold), the filled autoclave was heated up to  
reaction temperature between 120 and 195 
OC and then the pressure was adjusted to 
30 bar. The CO-consumption was 
calculated from the pressure decrease in a 
closed tank with a known volume which 
was connected to the autoclave via a 
pressure regulator. Carbonylation activity 
was calculated from the initial CO- 
conversion rate (Xc0 < 20 %). A typical 
plot for the CO uptake vs. time is given in 
Fig.3. The linearity of the plot clearly shows 
the zero-order of the substrate methanol 
and is in accord with the rate laws Eq. ( 1 )  
and fq. (2) below lpco, cRh, and cMel = 
constant.). Second order rate constants k, 
I l ~no f '~s - ' l  were related to  the Fig. 3. Typical kinetic run 
concentrations of Rh and Mel. 

Results and  discussion 
The hemilabile character of phosphonate-phosphane-Rh complexes 
The presumption for the catalytic concept has been preparatively confirmed for the phos- 
phonate-phosphane-ligands. Both, cyclic and open-chain complexes were isolated after 
stochiometric reactions (Fig.4) a t  mild conditions. For instance, (cod)RhCllpepe) is smoothly 
converted with AgBF, into the halogene-free chelate complex at room-temperature and the 
ring-opening is easily achieved with CO at room-temperature under athmospheric pressure. 
Reversibility of the last process under reaction-like conditions is assumed from IR 
investigations of supported complexes. IR shifts in the stretching band of the phosphoryl 
group Y , ~ , ~ )  to lower values in 3a - c (KBr-wafer or solution), indicate the coordination of 
phosphoryl oxygen. 

time [min] 

B 
Ph2P"vPIOMeh , 

A = PFs , BF, 

fig. 4. 

31P NMR data are depicted in Tab. 1. Not surprisingly , the shift in the 31P NMR signal for the 
phosphane group (6Phosphane) shows that this group is coordinated in the open-chain 
complexes. The chelate structure of 3a - c is confirmed by low field shifts of the phosphoryl- 
phosphorus signal C6,,,. compared to l a  - e, 2a - c) and additionally by coupling with rhodium 
(JmRh) . Considering the IR spectra of 3a - c, it is concluded that the P=O - groups and not 
the P-0-R' - groups act as oxygen donors. 

Preparation and IR - data of catalyst precursors 
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Table 1 .  NMR data of ligands and Rh complexes 

* P S 0  JPORh JPP 6Fhosphane JPRh 

ligands 

l a  24.91 Id) - 45.9 -25.32 (d) 
l b  34.50(d) - 62.0 -12.10(d) 

IC 29.71 (d) - 2.9 -17.37 (dl 
open-chain complexes 

2a 21.33 (d) - 16.9 21.51 (dd) 156.8 
2b 32.80(d) - 63.0 26.80 (dd) 150.0 

2~ 29.28(d) - 4.9 26.60(dd) 151.6 

chelate complexes 

3a 48.85(dd) 5.7 50.8 14.69(dd) 149.6 
3b  38.79(dd) 2.9 13.1 21.21 (ddl 154.0 

3 c  40.13 (d) 8.1 - 23.74(dd) 153.5 

AH* IkJlmoll 

f 

Catalytic properties of the hemilabile catalysts in homogeneous methanol carbonylation 
The methanol carbonylation to  acetic acid can roughly be formulated as a sequence of  rate 
determining oxidative addition of the promoter Mel, methyl group migration to  a CO-ligand 
and reductive elimination of acetyl iodide induced by CO-attack (Fig.1). The promoter is 
regenerated from methanol and HI, the last being liberated in the fast and irreversible 
proteolysis of acetyliodide. Second order rate constants in a temperature range between 120 
and 195 OC were obtained for various Rh-complexes in autoclave experiments monitoring the 
CO-consumption. The resulting activation parameters are summarized in Tab.2. 

Table 2. Ligand effects on activation parameters o f  the Rh-catalyzed methanol carbonylation 

active cod PPh, dppe l a  l b  IC Id 
carbon 

20.4 67.5 54.9 27.5 38.6 55.2 61.8 76.0 

9.2 13.1 5.4 6.2 3.4 5.2 5.3 9.1 

AS* IJ/mol/Kl -233 -112 -141 -211 -179 -141 -126 -90  

cod - 1 .ti-cylooctadiene. PPh, - triphenylphosphane, PPh,:Rh =2:1, dppe - bisldiphenylphosphano)ethane 

The activation enthalpies in Tab.2 differ significantly over a wide range, but a general 
superiority of the hemilabile catalysts compared to known systems can not be postulated. 
With the data given here, one can choose certain temperatures to  show the superiority of the 
hemilabile catalysts and the opposite can be done at another temperature, which may illustrate 
the sometimes questionable comparison of activities at one more or less arbitrary choosen 
temperature. It is interesting that activation enthalpies of hemilabile catalysts increased with 
growing distances between phosphonate- and phosphane-group. The highest activation 
enthalpy was obtained with the p-phenylene-bridged phosphonate-phosphane Id ,  which can 
not form chelate complexes. This indicates that chelate structures are involved in one of the 
rate-limiting steps. The additionally to the oxidative Mel- eddition emerging rate-limiting steps 
in P-ligand systems (see elso Fig 5) can be the reductive elimination of acetyl iodide (k,+k,) 
or methyl-group migration N3). With the given kinetic data, none of these alternatives can 
clearly be appointed to be more likely. 
The hemilabile complex precursors showed generally higher activation entropies than the Rh- 
bisphosphane complex precursor. This is explained with the generation of open-chain 
structures of the phosphonate-phosphane complexes during the oxidative addition step, 
creating additional degrees of freedom for bond-rotation and vibrations. The apparently low 
activation enthalpy estimated (from only three points) for Rh supported on active carbon is 
probably caused by diffusion control. Observations in the vapor-phase methanol carbonylation 
confirmed this assumption. 
It has to be stated here, that Tab. 2 shows apparent parameters, which do not merely reflect 
the rate determining oxidative addition of Me1 as known for phosphane-free systems (e.g. cod 
as ligand), where a simple rate law (Eq. / I ) )  can be applied. 
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The general case, considering additional rate-determining steps to the oxidative Me1 addition, 
1s a more complex function (Eq. (2)). This rate law has been derived from Fig. 1 applying 
network techniques [I21 and covers also Eq. 11)  as a special case (when B * A  ' cMJ. 

Indeed, Eq. (2) describes i he  influence of Me1 concentration on the activity for both 
phosphane-containing and phosphane-free catalysts satisfactory, while the simple power law 
(Eq. (7)) failed, when phosphanes (e.g. l a )  served as ligands (Fig.5). The changed reaction 
order of Me1 is probably caused by the enhancement of Mel-addition due to  phosphane 
ligands, consequently making other steps relatively slower and partly rate-limiting. 

i"l- 0 4  2a:;171 

0 2  

0 1 2 3  
0 -  

O f 2 3  

-/ I 

V M e l  [mlJ 1N Me1 IVmIl 

Fig. 5. Influence of Me1 on the carbonylation rate; plots on the left side are 
derived from €9. I 1  I ,  on the right side from E9. (2) 

The new phosphonate - phosphane - 
complexes presented in this work were 
intended to be fixed on oxide surfaces via 
the phosphonate groups. While attempts of 
preparing stable complex-catalysts fixed on 
silica or alumina for slurry-phase reactions 
failed because of significant metal- 
leaching under carbonylation conditions, 
active carbon was found widely superior 
with respect to the leaching problem. In 
contrast to the results obtained for the 
homogeneous reaction, no significant 
ligand effects on the activation energies 
were observed, when the methanol 
carbonylatioh was conducted in the 
vapor-phase using active carbon supported 
complexes (Fig, 6). Normal diffusion of 
reactants begins to limit the activity of the 
supported Rh-complexes and leads to the 
observed uniform activation energies of 
about 30 kJ/mol. 

1 
1 
0 002 0 0022 0 0024 

I/T [1K] 

nollgmd A I D  V I b  X dppr 

Fig. 6. Ligand effects on Arrhenius plots 
of active carbon-supported Rh- 
catalysts 

IR-spectroscopic investigations of supported Rh-complex precursors revealed that the 
bisphosphane-ligand dppe hinders the formation of stable carbonyls (Fig. 7) and that the 
hemilabile ligands such as 2-(diphenyl-phosphanolethyldimethyl phosphonate (2b) form very 
stable monocarbonyl species, which are easily converted into dicarbonyl-species with 
increasing CO partial pressure even at elevated temperatures ( Fig.8). The catalytic results 
in the vapor-phase suggest that phosphonate-phosphanes can also act as hemilabile ligands 
on supported catalysts. 
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INTRODUCTION 
Owing to the 1990 amendments to the Clean Air Act, two major 
programs, namely the oxygenated fuels program and the reformulated 
gasoline program have been mandated. Currently, ethers (MTBE, ETBE, 
and TAME) and alcohols (mainly ethanol) are employed as fuel 
oxygenates. However, several dialkyl carbonates exhibit attractive 
fuel properties and might emerge as future fuel oxygenates. This 
paper consists of an overview of related literature and highlight 
of Some of our work on the synthesis of organic carbonates from C, 
feedstocks. 

Dialkyl carbonates such as dimethyl carbonate (DMC), diethyl 
carbonate (DEC), and ethyl methyl carbonate (EMC) exhlblt excellent 
gasoline blending properties such as high blending octane numbers 
and low blending Reid vapor pressures (RVP). Owing to their 
significantly higher oxygen content compared with alcohol (e.g., 
ethanol) and ether (e.g., MTBE, ETBE, and TAME) oxygenates, lower 
volume percent of the carbonate blending components will be needed 
to satisfy the 2.7 and 2.0 wt% oxygen requirements of the oxygenated 
and reformulated gasoline programs, respectively (I). 

Dimethyl carbonate, for example, may be used as a fuel oxygenate, 
as a nontoxic and nonpolluting solvent, or as an environmentally 
harmless chemical in place of toxic and corrosive phosgene in the 
preparation of isocyanates, polycarbonates, synthetic lubricants, 
and various agricultural and pharmaceutical intermediates. 

Dimethyl, diethyl, and dipropyl carbonates are manufactured, for use 
as specialty chemical or solvent, by the reaction of the 
corresponding alcohols with phosgene. Major producers of dialkyl 
carbonates by the conventional phosgene route are Van de Mark (USA) ,  
SNPE (France), BASF and Bayer (Germany) . However, tremendous amount 
of research and development work has been going on worldwide for 
over thirty years to develop environmentally compatible and 
economically viable nonphosgene routes for the large scale 
production of these dialkyl carbonates. 

BACKGROUND 
Among the nonphosgene routes for the preparation of dialkyl 
carbonates, direct oxidative carbonylation of alcohols in the 
presence of various metal complex catalysts has been most widely 
investigated. A concise description of significant patents and 
publications in this area during 1963 to 1983 is given below. 

Mador et al(2) disclosed the preparation of aliphatic carbonates 
from alcohols and CO in the presence of costly platinum or palladium 
salts and usually large excess of an oxidizing metal salt such as 
copper (11) chloride. The need to use oxygen or air as an 
additional oxidizing agent was not mentioned. Alkyl halides, 
ethers, and CO, were obtained as undesired side products. The use 
of toxic mercuric salts in an organic solvent was described by D. 
M. Fenton (3). 

The carbonylation of copper salts such as copper (11) dimethoxide 
or copper (11) methoxychloride was reported by Saegusa et a1 ( 4 ) .  
In the presence of pyridine, the reaction proceeded even at room 
temperature. The reaction of copper (11) methoxychloride with co 
was studied in great detail by Romano et a1 (5-7). Perotti et a1 
( 8 , 9 )  claimed the employment of copper complexes of pyridine and 
other amines, nitriles, and alkyl or aryl phosphines. However, 
Rivetti et a1 (10) showed that the reaction of methanol with co to 
give dimethyl oxalate (DMO) and dimethyl carbonate (DMC) in the 
presence of palladium (11) acetate was inhibited almost completely 
by a trialkyl or an arylalkyl phosphine. Triaryl phosphines led to 
the formation of mostly DMO, whereas the yield of DMC was poor (1- 
6 % ) .  Gaenzler et a1 (11) patented the use of a catalyst system 
containing a copper salt and a phosphine oxide, phosphite, phosphate 
or a phosphonate. 

Texaco Inc., Texaco R&D . 
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Hallgren et a1 (12) described the use of catalytic amounts of a 
copper (11) halide, but the reaction must be carried out at elevated 
temperatures (above 17OOC) and at elevated pressures (600-1500 psi 
or higher). 

The role of several alkali, alkali earth, lanthanide, and actinide 
metal salts might be reckoned as promoters in various catalyst 
systems. In the presence of LiC1, CuC1, and manganese compounds 
afforded DMC in high yields by the oxidative carbonylation of 
methanol (13, 14). Itatani et a1 (15) disclosed the application of 
LiBr, NaC1, KBr, MgCl,, and CaC1, in the preparation of organic 
carbonates in the presence of CuX (X=Cl, Br, or I), while Stammann 
et a1 (16) mentioned the optional use of group 11, lanthanide and 
actinide metal ions. Cipris eta1 (17) disclosed an electrochemical 
process utilizing a non-fluoride halide-containing electrolyte. 
Gaenzler et a1 (18) disclosed as catalyst a complex of copper (as 
CuC1) with VCl,, CrCl,, FeCl,, CoCl,, AlCl,, or SiC1,. Hallgren (19) 
disclosed as catalyst (i) a Bronsted base such as a quaternary 
ammonium, phosphonium, or sulfonium compound or an alkoxide or 
hydroxide of alkali metal or alkaline earth metal or a salt of a 
strong base and a weak acid or amines etc. plus (ii) a Group VI11 
B element Ru, Rh, Pd, Os, Ir or Pt plus (iii) oxygen plus (iv) a 
redox catalyst such as a Mn or Co containing catalyst. A typical 
system includes (i) a pentamethylpiperidine, (ii) PdBr, and (iii) 
pyridine adduct of salicylaldehyde - ethylene diamine co (11) 
complex. Drent (20) disclosed as catalyst a copper compound such 
as a halide (in the presence of an amine) plus a sulfone such as 
dimethyl sulfone or sulfolane. 

IIETEODB OF PREPARATION 
Various methods for the preparation of organic carbonates from 
alcohols fall into the following categories: 

I. Direct Oxidative Carbonylation (5, 21-31) 

2 ROH + CO + 112 0, - R,CO, + H,O 

11. Indirect Oxidative Carbonylation 

(i) Via Phosgene 

co + c1, - coc1, 

2 ROH + COC1, + R,CO, + 2 HC1 

(ii) Via Alkyl Nitrite (32) 

2 ROH + 2 NO + 112 0, .+ 

2 RONO + CO - R,CO, + 2 NO 
2 RONO + H,O 

111. Transesterification 

(i) via Ethylene Carbonate (33,34) 

Ethylene Ethylene 
Oxide Carbonate 

%H,CCJ, + 2 ROH - KCO,  + HGCA,CH,OR 
Ethylene Ethylene 
Carbonate Glycol 

(ii) via Di-tert-butyl peroxide (DTBP) (35) 

%H,O + co, - C,H,CO, 

2 c,n,, + 312 0, + c,H,ooc,n, + n,o 
Isobutane DTBP 

C,&OOC,H, + CO 
DTBP 

+ 2  ROH + 2  C,H90H 
TBA 

During the past fifteen years, immense progress has been made toward 
catalyst and process developments for large scale production of 
various organic carbonates via the above types of nonphosgene 
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routes. EniChem (Italy) has been successfully operating a stirred- 
tank DMC process involving the direct oxidative carbonylation method 
since 1983. At present, EniChem’s DMC capacity at its plant in 
Ravenna is about 12,000 metric tons per year. EniChem has also 
licensed its DMC technology to GE and its joint venture partners 
Mitsui Sekka and Nagase & Co. for a 25,000 metric ton per year Of 
Polycarbonate plant in Japan. In 1993, Ube Industries (Japan) began 
operation of a semicommercial 3,000 metric ton per year DMC plant 
based on its proprietary vapor phase process via methyl nitrite 
which employes multimetallic (Pd-Cu-Mo-K) halides supported on 
activated carbon as a fixed bed catalyst (32). Furthermore, Ube is 
contemplating a 40,000 metric ton unit. 

OXIDATIVE CARBONYLATION OB METHANOL 
Preparation of dimethyl carbonate (DMC) by the reaction of methanol 
with carbon monoxide and oxygen in the presence of copper(1) 
chloride/copper(II) methoxychloride may be carried out in a stirred 
tank reactor by either a two-step batch process (Eq. 11 and 12) or 
a one-step catalytic process (Eq. 13), as follows. 

2 CuCl + 2 MeOH + 1/2 0, -b 2 Cu(0Me)Cl + H,O (Eq. 11) 

2 Cu(0Me)Cl + CO -b (MeO),CO + 2 CuCl (E¶- 12) 

cuc1/ 

Cu (OMe) C1 
2 MeOH + CO + 112 0, --+ (MeO),CO + H,O (Eq. 13) 

Production of DMC by the oxidative carbonylation of methanol is 
exothermic and occurs with the coproduction of an equimolar amount 
of water. The produced water should be continuously removed from 
the reactor for several reasons. The catalyst activity as well as 
selectivity to DMC may be reduced at higher water concentration. 
Direct oxidation of carbon monoxide to carbon dioxide is likely to 
increase due to formation of water soluble catalytic species. At 
high water concentration, the possibility of DMC decomposition due 
to hydrolysis is also higher. 

However, continuous removal of water from the reactor, separation 
of the catalyst system from reactants and products, and separation 
of DMC from methanol and water are challenging problems. To develop 
an improved and continuous DMC process, one should satisfy the 
following conditions: 

(i! the rate of DMC formation should be augmented, 
(ii) the heat of reaction should be dissipated, and 
(iii) the desired activity/stability of the catalyst system 

should be maintained while removing DMC and water from 
the reaction mixture. 

It is noteworthy that DMC/water cannot be removed by an evaporative 
procedure without increasing the water concentration in the reaction 
mixture containing a methanolic slurry of Cu(I)Cl/Cu(II) (0Me)Cl as 
catalyst. 

We have found that on the average, the rate of DMC formation may be 
enhanced by about eight times in the presence of N-methyl-2- 
pyrrolidone (NMF’) as a high boiling point cosolvent which also helps 
in dissipating the heat of reaction (23). NMP can also serve as a 
catalyst carrier during the removal of DMC/H20 by any flash 
procedure. Thus, a hot reaction mixture may be flashed to remove 
volatiles including DMC and water while the catalyst system, 
dissolved/suspended in NMP, may be recycled back to the reactor. 

LOW rates of DMC formation with copper(1) chloride/ copper(I1) 
methoxychloride are partly due to low solubilities of these salts 
in methanol. Higher reaction rates can be attained with a 
solubilizing metal halide promoter such as calcium chloride (24), 
a phase-transfer agent such as benzyltriethylammonium chloride (25) 
or a polar cosolvent such as HMPA (26) or 2-pyrrolidone (23). The 
ability of copper to bind and activate carbon monoxide can be 
augmented with a nitrogenous ligand such as pyridine (27), 
imidazole (28), or a suitable cosolvent such as NMP or urea (29). 
For example, high rates of DMC formation can be achieved with 
copper(I1) methoxychloride or imidazole-copper(I1) methoxychloride 
in methanol-NMP. 
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CONCLUSIONS 
A new and improved copper based homogeneous or slurry phase DMC 
process involving direct oxidative carbonylation of methanol can be 
successfully carried out in the presence of various ligands, 
promoters and organic cosolvents. A suitable high boiling point 
cosolvent (i.e., NMP) enhances the reaction-rate, helps in 
maintaining uniform temperature by dissipating the heat of reaction 
and serves as a catalyst carrier during the separation of methanol, 
DMC and water from the reaction mixture by a flash technique. 
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A NEW CATALYST FOR HIGHER ALCOHOL SYNTHESIS. 
Lachowska and H. lrsaroz, Institute of Chemical Engineering, Polish Academy of 
%iences, PI-44-1 00 Gliwice. ul. Baltycka 5. Poland. 

Skmmk. K. mUW. M. 

Higher alcohols C,-C, are of current interest as blending stocks for motor gasoline. 
Furthermore, they can be a real alternative for MTBE since they are entirely based on natural gas 

are Bood octane boosters and combustion improves. 
A mlyst containing CuO (50-60 wt.%), 2110 (25-30 wt.%). 20, (7-14 wt.%), Fe,O, (1-4 wt.%), 

M a 3  (7-15 wt.%), Tho2 (1-3 wt%). and QO (0.5-1.5wt.%) has been developed. The catalyst was 
Prepared by an original method of decomposition of organic complexes containing metallic 
components of catalyst. e.g.. thermal decomposition of citrates. This catalyst yielded up to 150 

The effect of temperature, pressure. contact time and synthesis gas composition were 
detemirned. The best results were obtained for temperature T = 630-650 K, pressure P = 10 MPa. 
GHSV = 6000-8000 hr-' and HJCO = 1.0-1.3 [moVmol]. 

liquid product containing 30-40 w t %  of the most valuable alcohols C2+. 
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ABSTRACT 

The Eastman Chemical Company operates a coal gasification complex in Kingsport. Tennessee. 
The primary output of this plant is carbonylation-derived acetic anhydride. The required methyl 
acetate is made from methanol and acetic acid. Methanol is currently produced from syngas by a 
gas-phase process, which must receive stoichiometric quantities of carbon monoxide and hydrogen 
to avoid overheating the catalyst. Control of this CO/Hz ratio is accomplished with a shift reactor. 
A liquid-phase methanol process (LPMEOHIM) has been developed by Air Products. Efficient heat 
removal permits the direct use of syngas without the need for the shift reactor. An Air 
Products/Eastman joint venture, with partial funding from the Department of Energy under the 
Clean Coal Technology Program, has been formed to build a demonstration-scale liquid-phase 
methanol plant. This talk will focus on the unique features of this plant and how it will be 
integrated into the existing facilities. 

INTRODUCTION 

Eastman Chemical Company has practiced the carbonylation of methyl acetate to acetic anhydride 
for many years.J.2 In an array of integrated plants, coal is gasified and the resulting synthesis gas 
purified to a high degree. This gas, which consists chiefly of carbon monoxide and hydrogen, is 
used to feed the chemical plants. Methanol is produced in one plant by the Lurgi low-pressure gas- 
phase process. The methanol is combined with returned acetic acid to produce methyl acetate. 
Acetic anhydride is produced by the reaction of this methyl acetate with carbon monoxide. 

The syngas needed for these plants is produced by two high-pressure gasifiers. High-sulfur coal is 
ground and fed to these gasifiers as a water slurry with pure oxygen. The hot gas is scrubbed with 
water to reduce the temperature and remove ash. A portion of the crude syngas is routed to a water- 
gas shift reactor to enrich the stream in hydrogen so that the stoichiometry required for methanol 
synthesis can be attained. Hydrogen sulfide is then scrubbed from the gas streams and converted to 
elemental sulfur. After final purification in a cryogenic "cold box" the syngas is pure enough to 
serve as feed to the methanol and acetic anhydride processes. Key changes to the gas stream as a 
result of these manipulations are illustrated in Figure 1. 

DISCUSSION 

In a methanol plant, the reaction between carbon monoxide, carbon dioxide, and hydrogen is 
exothermic and, because of the fixed bed reactor design, heat control and removal is of prime 
concern. If too much carbon dioxide or carbon monoxide is present, the reactor can overheat and 
damage the catalyst. Catalyst sensitivity to overheating is a chief reason that a more forgiving 
reaction system has been sought for syngas-based methanol production. 

For a given catalyst, a liquid-phase reactor is preferable for numerous reasons. The basic 
characteristics of a liquid-phase reactor allow it to be cooled internally. This is a significant 
advantage for removing the rather large net heat of reaction encountered during methanol synthesis. 
By removing this heat with an internal heat exchanger, steam can be co-generated and employed 
for various process uses. In the liquid-phase reactor, an inert oil is used to slurry the methanol 
catalyst and to cany away the heat of reaction. Because of the efficient heat removal offered by the 
oil component, isothermal operation is possible, and per pass conversion is not as limited in 
comparison to a gas-phase reactor. While the latter reactor must rely upon dilution with recycle gas 
to coritrol the reaction and carry away the heat, the inert oil in the liquid-phase reactor serves as a 
heat sink, thereby protecting the active sites of the catalyst from overheating. Added benefits 
resulting from this configuration are that the H2/CO/C02 stoichiometry need not be controlled as 
closely (CO-rich mixtures are permissible) and carbon dioxide can be present in high 
concentrations. The net result of this 1st  feature is that the expense and added complexity of a shift 
reactor can be eliminated because, in most cases, syngas can be used directly. 

The liquid-phase methanol process (LPMEOHIM)3, developed by Air Products and Chemicals, 
Incorporated, offers a sound way to take advantage of the benefits of internal heat removal. As 
shown in Figure 2, this process allows purified but otherwise unaltered synthesis gas to be fed 
directly to the reactor. The copper/zinc oxide-based methanol catalyst is suspended in an inert oil, 
which serves as the heat transfer medium. Internal heat exchangers remove the heat generated by 
the highly exothermic reaction and provide process steam for appropriate uses. The gross effluent 
is separated from the oil in a cyclone separator and then cooled to condense traces of oil. The vapor 

124 



is then chilled to remove the methanol, and the off-gas is warmed and compressed for recycle or 
Sent to downstream uses. 

An Air RoductslEastman joint venture, with partial funding from the Department of Energy under 
the Clean Coal Techology Program, has been formed to build a demonstration-scale version of 
liquid-phase methanol plant. The gasification complex in Kingsport, Tennessee provides an ideal 
source of synthesis gas to test this plant. In addition to providing methanol for the carbonylation 
Process, the demonstration unit will be tested under a large variety of operating conditions. This is 
possible because smooth operation of the integrated plants will not be completely dependent on the 
output of the liquid-phase methanol plant. It will therefore be possible to ramp the output up and 
down, co-produce dimethyl ether (DME), and produce fuel-grade methanol for testing in on- and 
off-site applications, such as power plant boilers, buses, and vans. 

TO illustrate how the new methanol process will affect the overall configuration of the coal gas 
facility, two schematic diagrams of the entire complex are provided below. The conventional, gas- 
phase methanol process is included in the f i t  schematic (Figure 3). while changes resulting from 
incorporation of the liquid-phase process are summarized in Figure 4. 

A brief description of the overall operation of this complex is offered Coal is systematically 
unloaded from rail cars and continuously fed to grinding mills by a highly automated Coal 
Handling system. In the Coal Slurry section, coal is mixed with water during the grinding process 
to provide a mobile slurry that can be pumped to the gasifiers. Oxygen is provided by an Air 
Products separation plant. Use of pure oxygen allows the gasifiers to operate at over IOOO'C, 
which eliminates the coproduction of environmentally undesirable byproducts. Within the 
Gasification Plant the coal slurry and oxygen combine in Texaco-designed gasifiers in a sustained 
reaction to produce a CO-rich product. The high-temperature exhaust is then quenched with water 
to cool the gas and remove ash particles. The crude gas is then passed through a water-gas shift 
reactor to increase the hydrogen content. Before exiting the gasification plant, the product gas is 
cooled by water-fed heat exchangers that produce low-pressure process steam for use elsewhere in 
the complex. Within the Gas Purification section hydrogen sulfide and carbon dioxide are removed 
by the Linde AG-developed Rectisol process. This is accomplished by selectively absorbing the 
gases in cold methanol. The hydrogen sulfiddcarbon dioxide stream is sent to the Sulfur Recovery 
plant where a Claus unit, coupled with a Shell off-gas treating unit, converts it to elemental sulfur. 
This sulfur is clean enough to be sold as a pure byproduct. The final off-gas consists mainly of 
carbon dioxide, which is converted to the solid form for various commercial uses. As the syngas 
exits the purification section, a portion of it is passed to CO-Hydrogen Separation, essentially a 
cryogenic "cold box" (also developed by Linde) which permits sepamhon of carbon monoxide and 
hydrogen by low-temperature distillation. The hydrogen from this unit is combined with Corn:, 
from the Gas Purification section to serve as feed for the Methanol Plant. The methanol product is 
fed to an Eastmandeveloped Methyl Acetate Plant, which uses a novel reactor-distillation column4 
to continuously convert methanol and acetic acid to methyl acetate in essential one piece of 
equipment. Carbon monoxide from the cryrogenic unit, along with methyl acetate, is sent to the 
Acetic Anhydride Plant, also developed by Eastman, where carbonylation produces acetic 
anhydride. If methanol is also fed to this plant, a portion of the acetic anhydride is converted to 
acetic acid and methyl aceta!e. 

Although the changes appear minor from the level of detail provided in this diagram, many process 
details are simplified when the CO/Co2/H2 mix is not critical: 

* Need for shift reactor eliminated 

* Low sensitivity to flow variations 

* Higher per-pass conversion requires less off-gas recycle 

* Less waste C q  because more can be utilized in methanol production 

* Less complex and expensive catalyst replacement requirements 

A shift reactor is normally needed to increase the hydrogenKO ratio of raw synthesis gas SO that 
enough hydrogen is available to satisfy the required stoichiometry for conversion to methanol. If 
the methanol reactor could operate properly with syngas that is lean in hydrogen, this processing 
equipment could be eliminated. Moreover, processes downstream of the methanol plant that need 
CO containing little or no hydrogen, such as that required by the methyl acetate carbonylation 
process, would also benefit because the methanol plant serves to reduce the hydrogen content from 
the off-gas so that further processing is either not needed or requires smaller separation equipment. 
Because of the large heat sink provided by the internal heat exchanger of the LPMEOW process. 
excess COICO, does not damage the catalyst by inadvertent overheating. 

Another way to damage the catalyst in a gas-phase reactor is by transient variations in the syngas 
flow rate. Here, excess reactant feed rates rather than stoichiometry are the concern. The result of 
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this condition is similar, however, in that the increased evolution of heat without an accompanying 
way to remove it can overheat the pellets. 

Having an effective way to remove heat also permits the reactors to be operated at higher 
conversion rates. This benefits the space-time yield of the reactor and significantly reduces the off- 
gas recycle rate. It also serves to deplete the off-gas of hydrogen, which, as described above, is 
beneficial to downstream processes needing CO that is low in hydrogen content. 

It is well known that the presence of C02 is essential to optimal operation of copper/zinc oxide- 
based methanol reactors. It is critical for conditioning and preventing damage to the catalyst.5 
Isotopic labeling studies have shown6 that essentially all methanol is produced from the reaction of 
C02 with hydrogen. An internal water-gas shift reaction between the resulting water with CO 
generates more C02 for methanol production. The proposed mechanism is provided below for 
convenience: 

cot e C02.ads 
H2 e 2Hads - 
CO2acis + Hacis v HCOOacis 
HCOOads + 3 Hads 

HZ + oads r HzO 

CHsOH+ Oads 
co + o,,= co2 

Again, because of the heat management capabilities of the L P M E O P  process, the amount of 
carbon dioxide normally present in raw syngas can be used without concern for overheating the 
catalyst. This results in a much more efficient use of carbon in the syngas. Indeed, a substantial 
amount of waste carbon dioxide is generated by the water-gas shift reactor needed for gas balance 
in the gas-phase methanol process.' 

One final benefit of the LPMEOW process is that catalyst replacement is less complex and can be 
done on an on-going basis. Even though the catalyst in a gas-phase methanol reactor can typically 
operate for about two years before replacement is needed, the actual mechanics of replacement are a 
challenge. The catalyst itself is difficult to handle in the large quantities involved, and the reactor 
must be shut down, isolated and opened up to carry out the task. This can result in significant 
downtime resulting in inconvenience at the least to lost product sales as a major negative 
consequence. In the case of the liquid-phase process, the catalyst can be intermittently replaced as 
needed in substantially smaller amounts. Some of the benefits described above have also been 
discussed in a recent review.' 

CONCLUSION 

The construction and successful operation of the LPMEOHm plant will be a landmark in 
development of synthesis gas technology. Given the importance of methanol not only as a chemical 
feedstock but as a fuel, demonstration of this technology on a commercial scale could have far- 
reaching importance. We at Eastman are pleased to be a part of this effort. 
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Figure 1.  

0, (Air Separation Plant) Shift 1 

Figure 2. Air Products L P M E O P  Process. 
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Figure 3: Configuration of Coal-GasificatiodAetic Anhydride Plant with Gas-Phase Methanol 
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Keywords: 

Heterogeneous co/H2/c2H4 reaction of 4 wt% Rh/Si@ catalyst was studied using steady-state 
pulse transient method coupled with in siru infrared spectroscopy. The dynamic responses 
measured at various partial pressures of reactants show that the CO/H2/C2& reaction can 
accurately be described by a Langmuir-Hinshelwod-Hougen-Watson (LHHW) model with the 
hydrogenation of adsorbed C2H5CO as the ratGdctnminig step for propionaldehyde formation 
and hydrogenation of adsorbed C2H5 as the ratedetermining step for ethane formation. The 
kinem model also accmtely describes the adsorption isotherm of acyl i n m a t e s  measured by 
the Pulse isotopic transient and adsorption isotherm of CO messurcd b IR spectroscopy. 9 1 s  
study also demonstrates that the measurement of coverage of adsorbates i y  isotopic tracer pulsing 
and an siru infrand spectroscopy provides direct experimental evidence to confm a postulated 
mechanism and rate law. 

INTRODUCTION 

CO insertion, Oxygenates. Reaction pathway, Langmuir-Hinshelwood Kinetics. 

The determination of reliable rate expressions is paramount in the design and modeling of 
heterogeneously catalyzed processcs. Langmuir-Hmhclwood-Hougen-Watson (LHHW) kinetics 
of heterogeneous catalytic reactions has k n  studied for many years (1-7). However, the 
formalism has been the subject of much discussion and criticism Most of the criticisms in the 
lJ-IHW formalism arc results of the inability to measure the covmge of adsorbates and reaction 
intermediates as a function of partial pressure of reactants and to identify the ratedetermining step 
during the reaction (8.9). The objectives of this paper arc to combine isotopic msien t  and in situ 
IR methods to study heterogeneous CO/Hz/C& reaction and to test a LHHW model that can 
describe the overall kinetics for its ability to describe the adsorption isotherms of surface 
intermediates. Kinetic quations wen derived from LHHW formalism with the posNlation of a 
ratedetermining step for both propionaldehyde and ethane formation In siru IR coupled with 
wnsient isotopic tracing was used to obscwe the coverage of adsorbed species during the reaction 
and compand to the coverage predicted by the LHHW model. 

EXPERIMENTAL 

A 4 wt% RNSiOz catalyst was prepared from RhC13*3H20 solution by the incipient wetness 
impreption method. After impregnation, the catalyst was dried overnight in air at 300 K and then 
rcduccd in flowing hydrogen at 673 K for 16 hr. The exposed mctal atoms was determined to be 
122 WoVg by & pulse chemisorption at 303 K assuming an adsorption stoichiomcay of H a  
= 1. 

The apparatus used in this study is similar to that previously reported (10). Four independent 
quantities. including the rates of propionaldehyde and ethane formation and the surface converges 
of adsorbed CO and adsorbed acyl species. were measured as a function of partial pressure of 
reactants dunng steady-state condiuon. The coverage of intermediates durin ethylene 
hydroformylation was detamined from the dynamic response of Cfi513CHO to a bCO pulsc 
input The coverage of adsorbed CO was measured by in situ IR spectrompy. 

RESULTS 

formation of ethane and propionaldehyde during heterogeneous 
hydroformylation (CO/Hfl2H4 reaction) on 4 wt% RNSi@ was measur+ by a gas 
chromatograph at 0.1 MPa ThC main products in the reacuon arc ethane and propionaldehyde. 
other minor hydrocarbon products include methane, propylene. butene, and butane. To determine 
the &#ce of the reaction ratcs on thc partial pnssurcs of reactants. the rates wen measured as 
the parhal pressures of mctant at a total pressure of 0.1 MPa and 513 K. The flow rate of He was 
varied to maintain a constant total flownte of 120 cm31min. Both ethane and propionaldehyde 
fomtion rates arc negative order in CO p d a l  pressm while positive order in both hydrogen and 
ethylene. 

me in siru IR spcctra during the experiments of varying partial pressures are shown in Figure 1. 
The top sptctra in Figure 1 show the variation of the spcclra with CO partial pressure. The spectra 
at partial ressm of 0.083 Mpa exhibit a linear CO band at 2037 cm-1; a small bridged CO band at 

1900 and 3300 cm-1 (11.12). The intensity and the wavenumber of adsorbed CO show smnger 
dcpcndcnce on Pco then Pwz and PczH,. 

1885 cm- P ; propionaldehyde band at 1740 cm-1; and gaseous ethylene and ethane bands between 

-of C2Hs13CHO and the IR spcctm to 10 cm3 pulse of 13CO into the 1wO 
feed to the reactor was recorded during the steady-state experimental runs. Figure 2 is the transient 
response Of Ar, l3cO, and cZH5wo measurad by mass spcctromky undu the conditions of 0.1 
Mp& 513 K and CUiH2/C2H4/He = l/lll/l. 

129 



Infrared spectra takcn during the. pulse of 1x0 in the CO fced show that the gas p h w  C o  and 
adsorted CO cxchange with their mtopic counterparts at a rate much fasta than the s c h g  rate 
of the IR. No other feaaue in the IR specaa changed during the coursc of the cxpWiment, includbg 
those attributed to gaseous ethylcne. 

From the transient response, the average rcsidencc time of 13CO adsorbed on the catalyst surface 
canbeobtained by(10.13) 

71% =lkk0f t )d  (1) 

since the gaseous CO and adsorbed CO cxchan e rapidly. the gascous 13CO rcsponsc measured by 
mass spectrometry can be used as tbe mpom for the adsorbed WO. The average nsidcnce time 
of all intermediate species lcading to the formation of 13C propionaldehyde from adsorbed 13CO 
can be exprcsscd as 

Figure 3 shows the deuterated propionaldehydes rcsponse to a 10 cm3 ulsc of into the Hz flow 
during steady-state ethylene hydroformylation (14). The lag of the &uteratcd propionaldehydes 
responF.with respect to that of Dz indicates that the hydrogenation of acyl in- is a rate- 
&-g step. 

DISCUSSION 

The mechanism for the formation of propionaldehyde from CO/HgC& reaction has been 
postulated from analogy with the homogeneous hydroformylation reaction (12.15). The e n d  
accepted mechanism of the reaction is shown in Table 1 (12). The approach for kinetic anaflysis of 
a heterogeneous catalytic reaction involves the posetion of. a rate-dctcnnining step and express 
the rate in term of the concentratioas of the reaction mamabtc s in that step. The concendons 
of the intermediates must then be related to the gas phase concentration of the reactants and 
products (adsorption isotherms). 'Ihe simplest theontical expression for an adsorption isotherm is 
the h g m u i r  isoth- on which the LHHW formalism is based. 

Dfierent ratedctumining sups, RDS, yield different forms of the rate equations so that they can be 
distinguished from each other. The best fit of the data is when step 6 in Table 1 is considend as the 
RDS for propionaldehyde formation. Step 6 as the. RDS is supported by Dz pulse studies as shown 
in Figure 3. 'Ihe dation between TOF 0. T O F C ~ H ~ ~  B.,-zH and and Panial pressure 
of the rcnctants can be derived fmm LI&# krmahsm wth step gas RDS, as shown below. 

The above rate law and isotherm equations derived from LHHW wen found to accurately describe 
the rate and isotherm data 

CONCLUSION 

Four independent quantities. TOFC~H,CHO, TOFczH6, e, and Oxo were mcasure a~ a 
function of partial pressure of reactants during steady-sfafc eth lene ydrofonnylation over 
Rh/Si@. The results of this study demonstrate that the coverage o!acyl intermediate determined 
from the dynamic response of an isotopic tracer is quantitatively consistent with that calculated 
from LHHW formalism; the coverage of *CO measured from IR spcctroscopy is qualitatively 
consistent with that obtained from LHHW formalism This study also shows that the measurement 
of coverage of adsorbates by both transient and IR tecK1qw.s provides essential information to 
verify a proposed mechanism and kinetic model. 
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Table 1. The Proposed Mechanism for Heterogeneous Hydroformylation of RNSiOz. 

K1 * 

K2 (Step 2 )  CO(*) + * 4 * c o  
LL (SEP3) C2+4(g) + * 7 *CZ% 

(Step 1) Hz(B) + 2* 2*H 

(Step4) *C2H4 + *H & *QHs + * 
(steps) *C2HS + *CO *C2HsCO + * 
(StepQ *c2H5co + *H _k6, *C2HQIO + * 
(Step7) *CzH5 + *H L (22%) + 2* 

(Step8) *c2HSmo C2HgCHO(*) + * 

Ki is the equilibrium adsorption parameter, i=1.2,. . , 
k+i is the fcmvard rate constan$ k, is the backward rate constant. 
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Figure 1. In Siru IR spectra of heterogeneous ethylene hydroformylation on 4 wt% WSi% at 513 
K and 0.1 MPa at varying partial prcssurcs of reactants. 
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Figure 3. Transient Response of Deuterated Propionaldehydes to a 10 c d  pulse of Dz into a HZ 
flow during ethylene hydroformylation on 4 wt% M i @  at 513 K aad 0.1 MPa 
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INTRODUCTION 

The traditional interest for the synthesis of higher oxygenates from CO and H, mixtures has 
been recently focused on the accomplishment of high selectivities towards a-branched alcohols, 
such as 2-methyl-propanol and 2-methyl-butanol, which can be exploited as precursors for the 
synthesis of ethers (MTBE, TAME) with high Octane properties [ 11. Indeed isobutanol is the most 
abundant product of Higher Alcohol Synthesis (HAS); however, more than 100 other compounds 
are formed by hydrogenation of CO [2], among which commercially undesired oxygenates are 
also included. HAS product distribution is strongly affected by the operating conditions under 
which the reaction is carried out: contact time, temperature, feed composition control, infact, the 
yield and selectivity of the different classes of species produced. The development of an 
industrial process for the synthesis of branched alcohols calls for a rational optimization of the 
operating conditions, which may be accomplished only by means of a reliable kinetic treatment 
of the reacting system. Detailed kinetic models of HAS have been proposed for both the low- 
temperature [3] and the high-temperature [4] modified methanol catalysts; however, so far no 
kinetic analysis has been published which can predict the whole distribution of HAS products as 
a function of all the operating variables. 

In the following we present the development of a mechanistic kinetic model of HAS over Cs- 
promoted ZdCrlO catalysts aimed to design purposes; the model translates the bulk of 
indipendent observations concerning the mechanism and the thermodynamic constraints involved 
in the chain-groth process. 

HAS REACTION NETWORK 

An extensive study was performed in the past on the evolution and reactivity of the surface 
intermediates involved in HAS, consisting in steady-state microreactor experiments, Temperature 
Programmed Desorption (TPD) and Surface Reaction (TPSR) of a wide variety of oxigenated C,- 
C, probe molecules [5,  61; three major chemical routes were thus identified as responsible of the 
chain growth process: 

1) the aldoLtype condensation beween carbonylic species, giving rise to the formation of 
branched higher aldehydes or ketones according to a "normal" or "oxygen-retention reversal'' 
(ORR) evolution of the surface intermediate [7]; 

2) the so-called a-additon of a C ,  nucleophilic specie to higher aldehydes; 

3) the ketonizdon reaction, responsible of the formation of ketones via decarboxylative 
condensation of two aldehydes. 

Toghether with a first C,->C, step, such reactions can explain the whole variety of observed 
under synthesis conditions. 

While the chain growth proceeds in a kinetic regime, other reactions also involved 
in HAS have been proved to be governed by chemical equilibrium. They include: the methanol 
synthesis, the hydrogenation of aldehydes and ketones to primary and secondary alcohols 
respectively, the ketonization reactions, the water gas shift reaction and the synthesis of methyl- 
esters [SI. 

DEVELOPMENT OF A MECHANISTIC KINETIC MODEL OF HAS 

The reaction network above presented has been validated on a quantitative basis by the 
formulation of a kinetic analysis [4] able to reproduce HAS product distribution for specified 
values of the operating conditions. Such original treatment has been recently modified and 
adapted to optimization purposes, that is to obtain a comphehensive and predictive desciption of 
the reacting system as function of the major operating variables. The development of the final 
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kinetic model can schematized as follows in three subsequent steps: 

1) ZdetatiJication of the reucting species. Based on the experimental evidences, classes of 
reactants have been defined for each reaction included in the kinetic scheme. Namely, for the 
case of aldol condensations a nucleophilic behavior has been attributed to all the carbonylic 
species with no a-branching, while an electophilic behavior has been attributed to the C,-C6 
aldehydes, both linear and branched. The nature of formaldehyde has been assumed for the C, 
intermediate involved in a-additions, which have been considered to interest the whole class of 
aldehydes as possible electrophilic reactants. Finally, for each ketone a contribute of formation 
via ketonization has been included. 

2) Chernicul lumping. Reaction rates and specie reactivities have been diversified along the line 
of the experimental observations. In the case of aldol condensations an intrinsic kinetic constant 
(function of reaction temperature, only) has been defined, but a set of further relative rate 
constants has been introduced in order to characterize the possible chain growth pathway (Normal 
or OM), the nature of the nucleophilic reactant (aldehyde or ketone), the structure of the 
electrophilic agent (linear or branched). Similar diversification has been applied to the cases of 
a-additions and ketonizations. 

3) Formulalion of model equations. Mass balances have been written for all the reacting species; 
the rate expressions were based on a Langmuir-Hinshelwood mechanism taking into account the 
competitive adsorption of water on the catalyst active sites. Assumed an isothermal PRF model 
for the synthesis reactor, the model resulted in 42 differential mass balances for carbonyl species. 
42 algebraic equations accounting for the hydrogenation equilibria between carbonyl species and 
corresponding alcohols, the balances for CO, H,, H,O, COP 

RESULTS 

The model parameters were estimated from multiresponse non linear regression on 11 kinetic 
runs performed over a Cs-doped Zn/Cr/O catalysts. The comparison between experimental and 
calculated effects of H,/CO feed ratio, CO, feed content and reaction pressure are reported in Fig. 
1-3 (symbols = experimental data, lines = model calculations). 

* EfJect ofHJC0feed  r&. As shown in Fig. la methanol concentration is maximum when a 
stoichiometric mixture of H, and CO is fed. The model reproduces correctly the experimental 
data, due to the assumption of chemical equilibrium for methanol synthesis. Higher alcohol 
concentrations present smooth maximum-wise trends with growing values of HJCO feed ratio 
in the range 0.5-1.5; the model predicts with accuracy that the highest productivities can be 
obtained for HJCO values close to 1. and 0.5, in the cases of primary alcohols (Fig. la-b) and 
ketones (Fig. IC) respectively. Both experimental data and model calculations indicate that at high 
values of hydrogen partial pressures, a significant drop in the formation of the C,, oxygenates 
occur. 

* Effect of C02 feed content. The presence of CO, in the feed stream causes an overall 
decreasing of higher alcohols production (Fig. 2a-c). Such effect is however mostly emphazized 
in the case of the oxygenates with terminal behavior (isobutanol), while modest in the case of 
the intermediates species (ethanol): thus, the product distribution changes, with increasing fraction 
of CO,, in the direction of a growing molar ratio between low and high molecular weight 
components. These features are well reprodwed by the kinetic treatment that can explain the 
inhibiting effect of CO, on HAS by accounting for the competitive adsorption of water on the 
catalyst active sites; notably, water concentration increases significantly with growing CO, partial 
pressure due the thermodynamic equilibrium which governs the water gas shift reaction. 

* Eflect ofrealion pressure. A slight promotion of HAS is obtained by increasing the reaction 
pressure in the range 85-100 atm (Fig. 3a-c). Experimental and calculated results show, however, 
that such promotion is accompanied by a significant loss in the relative selectivity higher 
alcohol/methanol; methanol formation is, infact, strongly enhanced at high pressures. The model 
fitting apprears satisfactory. We note that the adoption of of a first order depence with respect 
to CO partial pressure for the kinetics of the C,->c, reaction has been decisive for a proper 
simulation of the pressure effect; this results on the contrary overestimated when the formation 
of the first C-C bond is described by second order kinetics, in analogy with the chain-growth 
reactions (e. g. aldol condensations). 
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The match between experimental data and model previsions is extremely satisfactory and 
suggests an overall adequacy of the kinetic model (reaction mechanism, kinetic expressions, 
diversification of the reactivities). However, we have verified to a more stringent level the 
chemical costistency of our treatment by adopting of a perturbative approach we have infact 
applied the model to the simulation of chemical enrichment experiments. The comparison 
between calculated and experimental effect of adding an oxigenate (ethanol, propanol, 2- 
butanone) to the feed stream turned out to be highly informative on the accuracy with which 
reaction mechanism and the relative reactivities of the intermediates are decribed. 

* Addirion of ethanol. In this case a global promotion of HAS is experirnentallv observed. If 
compared to reference conditions where only syngas if fed to the reactor, the products mixture 
obtained with an ethanol-containing feed stream presents higher amounts of linear and branched 
primary alcohols, as well as of ketones (Fig. 4-a). This is in line with the well known high 
reactivity of the C, intermediate. Simulating the addition of ethanol, also the calculated product 
mixture distribution changes towards an increased amount of all the major classes of products 
(Fig. 4-b): such result proves that the model is able to reproduce correctly the key role of the 
intermediate specie and the network of chemical patterns which spread from it involving the 
whole reacting system. It is on the other hand evident that the model tends to overestimate the 
promotion of ketones formation, which has been related to an overestimation of the role of 
ketonization reactions in the kinetic scheme. We note, however, that ketones are only secondary 
products of HAS, their outlet concentration being usually one order of magnitude lower than the 
concentration of primary alcohols. 

CONCLUSIONS 

A mechanistic kinetic model of HAS over Cs-promoted Zn/Cr/O catalysts has been developed, 
the final aim being its application to process design purposes. The model adequacy has been 
tested by comparison with a set of kinetic data obtained under typical synthesis conditions and 
with the results of chemical enrichment experiments; the former are specifically demanding for 
a quantitative adequacy of the kinetic scheme, the latter are instead more informative on the 
accuracy with which the details of the reaction mechanism are taken into account. A satisfactory 
description of the reacting system has been obtained over a wide operational field; in line with 
the experimental results, the model calculations suggest that an equimolar HJCO feed ratio and 
absence of CO, in the feed stream are optimal conditions for the synthesis of branched 
oxygenates. Increments of the total pressure are then estimated'to lead to a lowering of the 
relative higher alcoholhethanol selectivity. 
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ABSTRACT 

The reaction mechanisms for the solid acid-catalyzed dehydrative coupling of methanol and 
ethanol with isobutanol and 2-pentanol to form ethers were examined by using isotope labelling 
and chiral inversion experiments. When the reactions were carried out at 110'C and 1 MPa with 
1 8 O p t h o l  and 16o-isobutanol over the Amberlyst-35 resin catalyst, 95% of the major product 
ethyl isobutyl ether (EIBE) contained 160, while 96% of the minor product ethyl tertiarybutyl ether 
(ETBE) contained 1 8 0 .  Similar results were obtained with methanol and isobutanol over Nation-H 
and Amberlyst-35 catalysts, with methyl isobutyl ether (MIBE) and methyl tertiarybutyl ether 
(MTBE) as the products. These results indicate that EIBE (MIBE) was produced by a surface 
catalyzed S N ~  reaction, while the ETBE W E )  product arose via a carbenium intermediate. The 
analogous reaction carried out over Nafion-H andHZSM-5 catalysts with chiral2-peAtanol verified 
the surfacemediated S,$ reaction, wherein chiral inversion of the product ether was observed 
relative to the S- and R-2-pentanol reactants. In addition, a remarkable shape selectivity with chml 
inversion was observed over the HZSM-5 zeolite to selectively form 2-ethoxypentane but not 3- 
ethoxypentane. 

INTRODUCTION 

The dehydrative coupling of alcohols to form ethers is practiced on an industrial scale for 
symmetric ethers with small alkyl groups. In solution phase with an acid catalyst such as  HzSO4, 
it is generally believed that the synthesis of ethers from secondary and tertiary alcohols follow the 
SNI pattem, while synthesis from primary alcohols follow the Sl;r pathway 111. Mechanistic 
studies of alcohol dehydration ove solid oxide acid catalysts to form olefins and ethers via a 
consecutiveparallel pathwa was reported by Knozinger et al. [2]. A Series of studies on butanol 
dehydration over the HZSL-5 catalyst was performed by Makarova et al. [3,4]. and ether 
formation was proposed to proceed vi0 a surfaceO-GH9 intermediate. 

Recently, we have ex lored some possible new routes for nthesizin hi h value 
oxygenates, e.g. fuel-grade 8s to Ca ethers such as MIBE, MTBX, EIBE, h 'Bk,  ethyl 
isopropylether (EIPE) and diisopropylether (DIPE), from non-petroleum feed stocks [5-71 owing 
to the potential use of these ethqs as effective anti-knock replacements for leaded gasoline. The 
CHI 180Wisobutanol coupling rektion over the Nation-H catalyst was studied, and a S$ reaction 
mechanism was suggested for the production of MIBE [6]. The present work extends the 
mechanistic study to other alcohol reactants, cg.  ethanol, isopro nol, and chiral2-peAtano1, as 
well as other solid acid catalysts, Le. Amberlyst-35 and HZSM-rand provided additional more 
generalized mechanistic featuresof the solid acid-catalyzed ether formation from the corresponding 
alcohols, ROH + R'OH --> ROR' + H2O. Experiments were carried out using reactant mixtures in 
which one of the alcohols (i) was isotopically labelled with Is0 or (ii) contained a chiral center. 

EXPERIMENTAL 

The solid acid catalysts employed in the present study were the commercial Nafion-H with 
0.9 meq H+/g, Amberlyst-35 from Rohm and Haas with 5.2 meq H+/g, and HZSM-5 from Mobil 
Corporation with a SUA1 ratio of 32/1. The !Q-MeOH and IQ-EtOHreagents with greater than 
97% 180 content were purchased from MSD Isotopes. The S-2-pentanol and R-2-pentanol were 
purchased from Aldrich Chemicals. The experiments were carried out at 90-1 1o'C and 1 MPa total 
pressure in a gas phase downflow stainless steel tubular reactor with on-line GC anal sis of 
reactants and products to determine alcohol conversion and product selectivities. Typicaiy, the 
reactant feed contained 3.6 mVhr liquid alcohol mixture, 88 mUmin He and 12 mUmin N2, where 
the reactant conversion was limited to less than 5%.  The liquid products were trapped in a glass 
cold trap cooled with liquid nitro en and examined for the source of the ether oxygen by GUMS 
and for chirality by a Chirasil-C6 column of fused silica column coated with beta-cyclodextrin. 
The reference com und R 2 ethoxypentane was pre red by using the Williamson synthesis 
method starting witkOR-2-&&101 and sodium metal. G r  comparison, the chiral experiment was 
also carried out in liquid phase at 1WC and ambient pressure for 1 hr with concentrated HzSO4 as  
the catalyst and the molar ratioof ethanoVZ-pentanolM~S04 = 4.0/1.0/0.4. 
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RESULTS 

Isot Labellin tu ' f E h a  ation Ova Amberlvst-35 C a t a l V  st. The readants in 
f o u r . e x m m h a  p d u a s  was 
momtored were the following: 

1. CHslsOH + (CHshCHCH2'aH 
2. CHjCHzlsOH + ( C H s h c H c H ~ l a H  
3. CH3IWH + CH~CHZ~QH 
4. CH3CH2lsOH + (CH3)2CHlaH. 

The labelling results involving isobutanol as a readant OVQ the Ambalyst-35 catalyst, shown in 
Tables 1 and 2, were similar to those for the coupling of CH3l W W i u t a n o l  o v a  the Nafion-H 
catalyst when the reactions w a e  carried out at W C  and ambient pressure [6]. In particular, DME 
(Table 1) and DEE (Table 2) contained almost only 190,  indicating that no oxygen scrambling 
occurred with the acid catalyst, while MIBE and EIBE retained the 1- of the isobutanol. MIBE 
and ElBE appear to be formed by the isobutanol attacking the acid-activated methanol and ethanol. 
respedively, while the methanol and ethanol attacking the isobutanol might be steric hindaed. 
W E  and ETBE contained W, suggesting that these ethers wme formed by the coupllng of 
isobutene and the corresponding light alcohols. The isotope distnbuhons in the products are not 
sensitive to the reaction condihons, e.g. temperature, pressure and relative concentration of the 
readant alcohols, nor to the particular resin catalyst employed. 

In contrast, the CH31eOH/C!€i3CH2WH experiment showed that thae was no steric (or 
other) preference in the coupling reaction o v a  Amberlyst-35, and 1 6 0  and la were found with 
equal abundance in methyl ethylether (MEE) (Table 3). Again, the isotopic composition of DME 
and DEE demonstrated that no oxygen scrambling occumd. 

In the experiment with lsO-ethanol and 1-isopropanol (a secondary alcohol), with a 
1.W1.5 molar ratio respectively, the obseved products w a e  DIPE, propene, EWE and DEE, 
given in order of decreasing selectivity. The isotopic distributions shown in Table 4 clearly 
showed that the mixed aha ElPE was formed via a mechanism wherein the l e 0  from the ethanol 
was retained. while the 160 of thereauant isopropanol molecule was predominantly lost, i.e 

1sOH 1WH 
I I 

CzHslsOH + CH3CHCH3 * CHsCHCHp H ~ l 6 0 .  

These mechanistic studia utilizing CHsisOH and CH3CHzfWH to couple with higher alcohols 
over the resin catalysts, Nafion-H and Amberlyst-35, indicated that ether synthesis proceeds 
mainly via a S P  reaction pathway to form methyl and ethyl ethers. 

%$. The definitive proof of a S$ 
reaction mechanism is the obsavation of the configuration invasion of the product with respect to 
the readant. The experiments were Carried out with S- or R-2-pentanol and CH3CH2180H o v a  
the Nafion-H and HZSM-5 cad sls unda the reaction conditions similar to those utilized in the 
previously des ai^ isotope lading  experiments. 

The dehydrative coupling of 1 mhanol  and S-2-pentanol produced self-cou ling produds 
DEE and di-2-amyletha (MAE), cross-coupling products 2-ethoxypentane (!-EP) and 3- 
ethoxypentane (3-EP), and the dehydration product 2-pentene but not ethene. The 1sOcontmt and 
chirality of the cross-coupling products are presented in Table 5. For the acid-catalyzed cross- 
coupling of EtOH and 2-pentan01, the produd 2-ethoxypartane can, in pinciplc, be formed either 
by &OH attacking the activated 2-pentanol or vice versa. The e x m m e n t  with EtleOH was 
designed to determine the contributions ,from these two distinct routes. Data in Table 5 
demonstrated that the EtOH attack of the a d  aaivated 2-pentanol was the predominant pathway 
where I S 0  was retained in the roduct etha. The t e e  confipuration inversion for the ether 
formation due to EtOH attack of tge activated 2-pentanollS p e n  m the last column of Table 5. 

The combined 1 8 0  retention and the R-IS- chirality results d e m o n m e  that the axial rear- 
attack S& mechanism dominates (97% over HZSM-5 and 77% over Nafion-H) in this 
hetmgenaus acid-catalyzed dehydrative coupling of alcohols. It is probably due to the s t d c  
hindrance that HZSM-5 produced remarkably higher confi ration invasion than either the 
Nafion-H and the H2SOd. The Nafion-H rein catalyst behave%ke an acid solution, possibly due 
to its flexible backbone of the acid groups. The OH group of 2-pentanol is the prefared leaving 
group, after being activated by the surface Hi and subjeued to the con- nucleaphfic ana& by 
thelight alcohol. 
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The minor paths (23% over Nafion-H and 3% o v a  HZSM-5) can be accounted for by a 
less efficient carbenium ion (C*) or olefin (C-) intmediate mechanism. These minor paths are 
corroborated by observapons of the.3-ethoxypentane product, which could only be formed via 
carbenium ion or olefiruc intermediates, over Nafion-H. However, 3-ethoxypentane was not 
observed as a product with the HZSM-5 catalyst, indicating that the formation of 3-e ihoxptane  
could be further minimized by shape selectivit in the zeolite re. The 3-ethoxypentane is more 
branched and is expeded to pass through the &SM-5 chann&k nm) [8] at a slower rate than 
2-ethoxypentane, even if it were formed by the carbenium ion or the olefin reactions at channel 
intersections. 

CONCLUSIONS 

The solid add, Nafion-H, Amberlyst-35 and HZSM-5 zeolite, catalyzed direct coupling of 
alcohols to form ethers proceeds primarily through a surface-mediated Sr.12 reaction pathway that is 
far more efficient than either a carbenium or olefin pathway. The surfaceS~2 readion gives rise to 
high seledivity to configurationally inverted chiral ethers when chiral alcohols were used. This is 
especially observed in the case of the HZSM-5 catalyst, in which the minor C+ or C- paths were 
further suppressed by 'bottling" of 3-ethoxypentane by the narrow zeolite channels. 
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Table 1. Percent isotopic composition (22%) of @containing products from the reaction of 
CH31 W&l S(risobutano1 over Ambalyst-35 catalyst at 11WC and 1 MPa. 

Table 2. Percent isotopic composition (-2%) of @containing products from the reaction of 
C H ~ C H ~ ~ ~ " j o - i d ~ u t a 1 1 0 1  over Ambalyst-35 catalyst at 11WC and 1 MPa. 
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Table 3. Percent isotopic composition (t2%) of @containing products from the reaction of 
CHJ*WH/CH~CH~~SOH over Amberlyst-35 catalyst at 110'C and 1 Mpa ' 

Table 4. Percent isotopic composition (t2%) of 0-containing products from the reaction of 
CH3CH2~~OW16O-iipropanol o v a  Amberlyst-35 catalyst at W C  and 1 MPa. 

Table 5. Product selectivities (i296) (taking into account 2- and 3-ethoxypentaneonly) from the 
reaction of Et1 sOH and S-2-pentanol o v a  Nafion-H and HZSM-5 catalysts at 1WC and 1 MPa, 
and-in concentrated H2S04 solution at 1WC and ambient pressure, where the true inversion = 
%x/(X+Y-z). 
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ABslRAcr 

The influence of reaction temperature on methanol and higher alcohol syntesis has 
been investigated in the range of 310-340°C. Optimal conditions for selective production 
of Zmethyl primary alcohols was identified with T = 340°C and synthesis gas H2/C0 = 
0.75. Deactivation features were observed after 300 hr on stream, but no significant growth 
of Cu crystals or reduction in surface area was observed for the catalyst after testing. 

WTRODUCnON 

The Cu/ZnO/M,O, systems (M = trivalent metal) are well-known catalysts for 
methanol and higher alcohol synthesis (HAS) [1-4]; their performances are reported in the 
literature with particular attention being paid to the optimization of both the catalyst 
composition (amount of alkaline dopant, metal ion ratios) and the operating conditions [Z- 
51. The application of these catalysts is commonly limited to reaction temperatures not 
exceeding 310-325°C in order to avoid sintering phenomena that are recognized as the major 
constraint and drawback of all the copper-containing catalysts. At these temperatures, 
methanol formation is highly favored, and only by carrying out the reaction at low H,/CO 
ratios can significant quantities of C,' oxygenates be obtained. No specific studies have so 
far addressed the thermal stability of Cu/ZnO-based systems at high temperatures. 
However, the strong demand for selective production of branched higher oxygenates 
supports more extensive exploration of the range of allowable reaction temperatures that 
can be utilized with copper-based catalysts. Indeed, an increment in the temperature is 
expected to result in the desired promotion of higher alcohol production and a concurrent 
decrease in methanol formation. In the following, a study of the effect of reaction 
temperature on HAS over a Cs-doped Cu/ZnO/Cr20, catalyst is presented, and the 
principal interests are the changes in the product distribution and the catalyst thermal 
stability. 

EXPERIMENTAL -- . . The methodology has been been described by Nunan et al. [3,6], 
which consists of the precipitation of a hydrotalcite-like precursor Cuz.,Zn3.,Cr,(OH),,C0, 
*4H,O [7], followed by stepwise calcination to 350°C to give the mixture of oxides, 
CuO/ZnO/Cr203. Cesium doping was achieved by adding the catalyst to a N2-purged 
aqueous solution of CsOOCH, which was then slowly evaporated to dryness under flowing 
Nz. The amount of dopant (3 mol%) was chosen on the basis of previous studies of the 
optimal catalyst composition with respect to higher alcohol synthesis [3]. The catalyst was 
finally reduced with a 2 mol% HZ/N, mixture at 250°C. 

Activity reds. The apparatus has been extensively described elsewhere [8]. It is 
noted that charcoal and molecular sieve traps, an internally copper-lined stainless-steel 
reactor, as well as a copper thermocouple-well were used during the catalytic testing to 
prevent the formation and deposition of iron-carbonyls, which are well-known deactivating 
agents [9,10]. The catalysts were tested under steady state conditions at 7.6 MPa with 
synthesis gas of various H,/CO compositions flowing with a gas hourly space velocity of 
5300 e/kg cat/hr. The reaction temperature was varied between 310 and 340°C. 

The exit product mixture was sampled every 30-60 min using an in-line, automated, 
heated sampling valve and analyzed in a Hewlett-Pachd 5390 gas chromatograph. The 
products were analyzed v k  a Poraplot-Q capillary column alternatively connected to a flame 
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ionization detector and to a thermal-conductivity detector ("a) and a Molsieve ~apaa ry  
column connected m. The sensitivity factors of the instrument were determined on 
the basis of calibrated mixtures. The gas-phase on-line analyses were coupled with the 
analysis of liquid samples collected downstream from the reactor (atmospheric pressure) by 
liquid nitrogen cooled traps. The identitication of the products (more than 50 components) 
was obtained by comparison of their retention times with those of known standards and 
from analysis of the liquid samples by a HP W / M S  instrument. All of the experimental 
data were obtained in a steady-state regime that was reached about 6-8 br after sew the 
operating conditions. 

- a .  - k. BET measurements and XRD analyses were performed at 
each stage of the catalyst preparation and after testing to determine the catalyst surface area 
and crystalline phases, respectively. 

REsutls 

Em of the Rarrdion Tempmfm an the h d u u  D&iln&m . In Fig. 1, the 
productivities of the most abundant oxygenated products are reported as a function of the 
reaction temperature. which was increased from 310°C up to 340°C over a period of about 
160 hr, As the temperature was increased, a decrease of methanol productivity was 
observed, in line with the thermodynamic constraints that govern methanol synthesis. As 
shown in Fig l(a), the productivities of all the linear higher alcohols exhibited decreasing 
trends with increasing reaction temperature. In fact, the product mixture tends to become 
depleted in intermediate species (ethanoI, propanol) and more enriched in the branched 
oxygenates that play a terminal role in the chain-growth process. At 325°C a promotion of 
all the 2-methyl alcohols was observed (Fig. 1-b). It is noted that the molar ratio between 
methanol and the totality of a-branched alcohols passed from avalue of about 16 at 310°C 
to the value of about 5 at 340°C. In the case of secondary alcohols (whose productivities 
are summed in Fig. IC with those of the corresponding ketones), it is observed that high 
temperatures favor the formation of high molecular weight species (e.g. 2-methyld-pentanol) 
at the expense of the intermediate species (e.g. 2-butanol). 

, 

Tbe formation of methane and C,' hydrocarbons was also observed to increase with 
increasing reaction temperature (Fig. 2). The overall production of hydrocarbons, equal to 
15.7 g/kg catfhr at 310 "C, grew to the value of 39.4 g/kg cat/hr at 340°C. It is worth 
noticing that, contrary to the case of oxygenates, hydrocarbons appear to keep an almost 
constant relative product distribution, which could support the hypothesis of a formation 
pattern independent from the higher alcohol chain-growth process. 

Finally, it is  noted that the productivities of all the methylesters detected in the 
product mixture decreased monotonically with increasing reaction temperature. This trend 
was especially evident in the case of methyl-formate and methyl-acetate, while it was less 
pronounced for the higher homologs (methyl-propionate, methyl-isobutyrate, methyl- 
butyrate). 

H i  &a&n T t m p m h e  E m  of HJCO Rafio. At the reaction temperature of 
W C ,  kinetic runs were performed to investigate the combined effects of high temperature 
and HJCo feed ratio on HAS product distribution. The results are reported in Fig. 3, and 
the data show that an excess of Hz exclusively promoted methanol formation. The 
production of higher oxygenates appears to be significantly inhibited at high Hz/CO ratios. 
Specifically, all of the priamy alcohols tended to show a maximum in productivity, with the 
highest value being associated with the H,/CO value of 0.75 (Fig. 3 a-b). 

With respect to the formation of hydrocarbons, the data reported in Fig. 4 indicate 
that while the synthesis of G+ hydrocarbons is strongly slowed down by decreasing CO 
partial pressure. methane productivity was approximately constant as a function of the 
HJCO ratio. 

W&h Rarrcrian T q m ~ a m  Gata&st Stability. The operating conditions of T = 
WC, HJCO = 0.45, 7.6 MPa, and GHSV = 5300 t/kg cat/hr were periodically 
reproduced in order to check the stability of the catalyst. The results of the experiments are 
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reported id Fig. 5, where the averaged FID signals, in arbitrary units, for the most abundant 
products have been plotted vs the time of testing. As previously noted, a period of about 
160 hr occurred before reaching the final temperature of 340% and at this high 
temperature a stable catalytic activity was observed during 125 hr. Subsequently, a slow loss 
of selectivity of the higher oxygenates in favor of an increment in methanol productivity was 
detected. Similar results were obtained in the past when studying deactivation caused by 
the deposition of iron-carbonyls onto Cu/ZnO catalysts [9]. Even though the cause of the 
origin of the behavior shown in Fig. 5 cannot be assessed, Cu sintering can be excluded as 
playing a major role, where the XRD pattern of the tested catalyst (300 hr on stream at 
340°C) revealed the presence of metallic copper with crystallite size in the range of 1004 
which is comparable with the dimension of Cu crystallites observed in in the binary Cu/ZnO 
systems after the reduction stage and before testing [9]. Moreover, BET measures showed 
that no reduction in the catalyst surface area occurred during the kinetic runs, being 85 mz/g 
and 89 m'/g the surface area values before and after testing, respectively. 

CONCLUSIONS 

The presented experimental results suggest that: 

(1) the productivity of a-branched species benefits significantly from an increment of the 
reaction temperature to 325°C. For further increments of temperature, the 
prcductivities of higher alcohols are almost constant but the methanol/higher 
alcohols molar ratio increases progressively. 

(2) at high temperature, the HJCO feed ratio of 0.75 is optimal with respect to higher 
oxygenate formation. Under such conditions, an equal amount of methanol but twice 
the amount of branched higher alcohols can be obtained, compared to the optimal 
low temperature conditions (T = 310°C: H2/C0 = 0.45). 

(3) no significant Cu sintering or surface area reduction occurred upon testing at the 
reaction temperature of 340°C; but iron-carbonyl formation and deactivation of the 
catalysts under high temperature oonditions needs to be studied further. 
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Fig. 1. Experimental effect of reaction temperature on methanol and higher oxygenates 
productivities. In I-c: Zmet-3Pent = 2methyl-3-pcntanol + 2-methyl-3-pentanone, 
3-Pent. = 3-pentanol + 3-pentanone, 3met-2But. = 3-methyl-2-butanol + 
3-methyl-2-butanone, 2-But. = 2-butanol + 2-butanone. 
Operating conditions: HJCOd.45, P=7.6 MPa. GHSV4300 Vkg cathr. 
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SYNTHESIS OF ALCOHOLS FROM SYNGAS AND ALCOHOL CHAIN 
GROWTH OVER COPPER-COBALT BASED CATALYSTS 

W d  CHU*, Guoxhg XIONG 
State Kcy Laboratory of Cat@&, D a b  Instmt of Chemical,Phyaics, 

Academia Shim, P.O. Box 110. Dalian 116023. china 

ABSTRACT: The alcohols synthesis were studied over copper-cob& c a w s  h m  
mas mder pressure (6.0 Mpa). Ihe higher alcohols formation was enhsnced wirh the 
coboh content, caused probably by an morease of the number of Co-Cu bisites, end the 
higJ~er hydrocarbons augmented simuitmeously, explained by common reactional 
intcamodiates. The cob& quantity on the surface ~ ~ ~ ~ U U I W S  the chain growth wohg into 
alcohols or hydrocarborn It was shown that an augma~tation of CO insertion and a 
&tion of the hydrogemtion pmperty of system could be responsible of thest 
e&ota, as supported by the tests of reactivities and those of probe molecules It was 
illumntted that some mng interactions existed between cobalt and copper, and the 
kfh~rmoes of di&mt p r e t r w  were also investigated 

1. INTRODUCTION 

The syngas conversion ZemaiDB one of the most interesting reacriOne in hetomgearnus 
catdysia WeOiany since thetivo energy orisisin the world, the more efFectivs utilisations 
of syngas have attracted much attention [1,21. With d8-t catah/ste and opaational 
conditiom, it could be o n d  into methenolption. methanation, ole611 produdon via 
Fder-Tropsch reaotiolls, synthesis of ethanol or acetyl aldehyde over Rhodium cadysb, 
or synthesis of mixed d w h 0 4  etc. In that mixed alcohols production, the main problem 
w e  cubon chain growth, hi@ alcohol activity and good &&vity. S w d  catalytic 
systems have been proposed PI, the copper-cob& catdym eecm to be the most 

In this work, the influenoee of cob& additives onto wpper based catalysts vmre 
investigated, pd well as the effeds of pretreatments and those of supports. the temperature 
programmed reduction (TPR) and CO chemisorption wen performed for the wtalys~ 
chuscterizations, the resutts of probe molecule tests were also disoussed 

11-31. 

2. EXPERIMENTAL 

2.1. Catplyst preppration: the supports were prep& by the coprecipitation methOd41, 
refarsd a~ w i ) .  The atalyxb were prepared by iqregnatiug the support with an 
a@ww sohuion of CO(N0j)t 6H2O to a desired content. The impregnates were dried at 
700c in I fhurofargon, and calcined at 35OW in a h  ofargon or in air for 5h They are 
refaed as x??iCo/CuL&(i). 
2.2. Synsns reaotions: hydrogination of CO was canied out m a wntim~ow flow reactor 
Consietiag of a 6 -ID stainless steeltube umtrining 0.5 g of catalyst under the reaction 
conditions: P - 6.0 W4 T = 250-28oOC, Hz/CO = 2, D = 4 Wg. ?he reaction produots 
were Malysed by gas ohromatography. 
2.3. Robe moleoule tests: the samples (0.5g) were reduced in hydroesn over night, then 
brou&t into contact with synthesis gas (P = 0.1 MPa, T = 225OC). Mor reaching a 

statio& ate. a aMn amount (2 mol%) of probe moleoules (QHq) were sent into the 
C 0 4  meam and the geaeroted gasea were n d y d  by p chromPtography with flame 
-&ern [ 5 ~ .  . . .  
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3. RESULTS AND DISCUSSION 

3.1. In5uence of cob& additive 

studied over cobalt modi6ed copper 
catalysts, six samples with Merent E 
cobalt content were prepared and 
investigated. For the monometanic 
copper sample cuLazr(l), it has 
almost no chaiu growth, the higher 
alcohol hction was only 0.2%. With 
the cobalt addition, the higher 

enhanced, and it increases with the 
rise of cobalt contat, as does the yield mto highex hydro&ons (cz+HC) mad that Of 

total hydrocarbons. The sbnukaneous augmatation of %+OH and G+HC (%la) 
explained as that there were common intermediates for their formation PA. 

The alcohols synthesis were 6 

B 
r 2  

0 

dcohob ( c Z + o w  formation was Fbla y & S ~ ~ H d h c H H c  
-InfhmawUf*alw 

As suggested, during the growth of hydro&onated chain, there is a c o m p h n  
between the CH2* addition (formed on cobalt) which leads to the hydrocsrbons 
formation, arid the insemon of 40 
oxygenated species (formyl or CO, 
formed on copper) which results m 

alcbhols. Thus the cobalt quautity 
on the surface intluences the chain 

growth evolving into the alcohols or 

In the case of the production into 

:E 

60 

4 
8 

P 

the fiaction hydrocarbons in total alcohols, both l. 10 Ld a3 , ,o %8 0 

J) 

5 

higher alcohols Cz+OH and thdr 0 

increase with the rise of the cobalt Fig Ih H @ e r d a h d s ~ a d r a 6 o h t c t d ~  
content (Fig. lb). -1nRWdoobenmdtnt 

3.2. Effect ofpretreatomit 
A pretreatment of the precursor after impregnation may be favorable to the 

decomposition of Co(NO& and the formation of Co304, which results in a laodification 
of the reducibility of the catalyst and eventuelly the fbrmation of mked oxidea We have 
compared the pretreatmeats operating at the temperatures between 35OOC md 7oooC, m 
an inert fhur (argon) or m air ~viromnau (21% %). 
As illustrated in Fig.2, the 

catalytic activity decreases while 
the calcination tempemture rises, - 
and the best results of the alcohol 9 
production and the higher alcohol g 

obtained by calcinating at 3 5 W .  
when calcinated m air rathex than 
in argon, the catdytic system orient 
the reactions much more 

ratio (C2+OWROH) have been 3 

( 

140 f 

nS2. Effed dprebeabl lent~8dMhdthe~ seledvely to the almhols, and the 
alcohols productivity is also better fbr the previous ~yrrtsm (cabhated in air). 
pretreatment at 35OOC m air has been used for tho continunth of the work 
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3.3. Illfluence of support 
In our previous work, several 

copper b a d  Eatalvsts were 
invesigated. It is the sample cuLezr(2) "I =- which is the most favorable for the 
&olation, and it was then utilised 

for the preparation of the bimetallic 
as a support in the place of cULazr(1) 

Catalya. In fic& the'catalyst 
5%Co/cuLaz1(2) gives better results. 7 0  

Ihe effeds of readion temperature 
were also studied. It was shown that -3 IrAuaPedreacb&ltenperahrr, 

both yields of alcohols and of 
hydrocarbons increased with the reaction temperature, and that the selectivity to nlcohols 
pass a maxiunm of 38.4% at 27ooC (Fii3), and the alcohols productivity was 35.8 Blkg 
cat41 with ahigher alcohols ratio of 5 1.6%. 

3.4. CO chemisorption and TPR 
Ihe  chemisorption of reaaants like CO or Hz was the slow step in CO/H? reactions. 

Ihe quantity and the form of CO adsorbed are o h  relation to the rate and the 
oricDtation of the reaction. And the shldy on CO chemborption m y  dm give some 
information of the accessible metallic area ater the reduction[9]. 

Ihe tests of CO chemisorption were made on three types of catalysts (CuLaZr, 
C o M ,  Co/CuLaZr) and the puantitieS of CO c h h r b e d  at ambient temperature are 
compared It is shown that the addition of cobalt onto CuLeZr degeases the acCc85ib10 
metallic area of the cat&t, as explained by a covering of copper sites by cobalt oxide 
(mre  d i f E d U y  reducible) on the surfuce ofthe catalyst. 

Ihe temperature programmed d u d o n  (TPR) teste were pafolmed to see the 
idum of cobalt additive on the catalyst reducibilitk, and the TPR spectra of the above 
three catalysts were compared. Ihe maximum of the reduotion peak of cobalt atdysts 
werc at 316W and that of copper ~yraem was at 218OC. And for the bimetallic system 
(co/cULezr), there was only a reduction peak with a maximum at 255OC. lhie 
phenomcnum suggeaed that there was an iateradion bctwem cobah and copper, which 
nsuhed m a simdtaneous reduction and a decrease of the Co304 reduuion temperature. 
'Ibis mteraction was also reported by Mounddib [lo]. 

3.5. Probe molecule tests 
The effect of ethylene addition is illuseated in Fii.4. It is shown that C z q  addition 

leads to a great augmentation of PKO~MO~,  with a diminution of methanol Propanal 
@ropionic aldehyde) increases shultmeously. 'Ibis result suggested that there is ~n 

insertion of ,the methanol pncursor (like formyl species or CO) tto the chemisorbed 
The other formed products (like CHq, C3& and C 4 k l o .  not represented in 

the figure) change only a little. 
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As discussed by Chuang et ds], the insertion of C1 oxygenated species (CO or formyl) 
mto hydrocarbonated entities has particular importances as an indication of the growth of 
the oxygenated producta The comparison with the results of monometallic syetem is 
represented m Fig.5. It is observed that only over bimetallic catalyst a great nugineatation 
of the C3H7OH formation has been achieved It means that the simultaneous presence of 
copper and cobah is important for a good chain growth formation mto the alcohols. 

The ratios C2Hd(CzHq+C&) and C3H70WC2H5CHO may be good indications for 
the hydrogenating properties of the systems. It is observed that ethane repments 99.7% 
of total C2 hydrocarbon over the catalyst CuLSzr, which mdicntes a great hydrogenating 
property of the system However, the chrin growth on this system is very low. For the 
catalyst CoRazr, the ratio of QH&2H.+2%) is 2.1Y6 which indicates a weak 
hydrogenating property of the system, which may be m relation to its weak activity. In the 
case of C o / M ,  the ratio of C2H&2Hq+C&5) is 20.50/, and C3H7OWC2H~CHO 
is 30, which mdicated a good hydrogenating property ofthe system. 
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Fig.5. EEect of CzHq addition to syngas on C3H7OH formation 

4. CONCLUSION 
It was shown that there were some strong interactions bctwem cobah and copper, and 

their simuit~eous presence was important for a good orientation for the alcohol 
formation. And the addition of cobalt onto CuLSzr system may have three impoxtmt 
effects on the higher alcohol proddon: an maease of the formation of hydrocamomted 
species, an augmentation of the CO insertion property of the system, and a modi6cah of 
the hydrogenating property of the catalyst, as supported by the tests of reactivities and 
those of probe molecules. With different pretreatment, the results show that the 
calcination at 35WC in air was most borable. 
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MOSSBAUER STUDY OF IRON-CARBIDE GROWTH AND 
FISCHER-TROPSCH ACTMTY 

K.R.P.M. Rao, F.E. Huggins, G.P. Hufian, R.J. OBrien', R.J. Gormley', andB.H. Davis', 

341, Bowman Hall, University of Kentucky, Lexington, KY 40506-0059 
'Center for Applied Energy Research, University of Kentucky, Lexington, KY 405 11, 
'Pittsburgh Energy Technology Center, Department of Energy, Pittsburgh, PA 15236 

Key words: 

ABSTRAC'R There is a need to establish a correlation between the Fischer-Tropsch (FT) 
activity of an iron-based catalyst and the catalyst phase during FT synthesis. The nature of iron 
phases formed during activation and FT synthesis is influenced by the gas used for activation. 
Mbssbauer investigations of iron-based catalysts subjected to pretreatment in gas atmospheres 
containing mixtures of CO, H2, and He have been carried out. Studies on UCI 1185-57 catalyst 
indicate that activation of the catalyst in CO leads to the formation of 100% magnetite and the 
magnetite formed gets rapidly converted to at least 90% of x-FeSC, during activation. The x-Fe,C2 
formed during activation gets partly ( I 25% ) converted back to FqO, during FT synthesis and 
both X-Fe,C, and FqO, reach constant values. On the other hand, activation of the catalyst in 
synthesis gas leads to formation of FqO, and which is slowly converted to X-Fe,C2 and L-Fq,C 
during activation, and both carbide phases increase slowly during FT synthesis. FT synthesis activity 
is found to give rise to = 70% (H2KO) conversion in the case of CO activated catalyst as compared 
to I 20% (H2WO) conversion in the case of synthesis gas-activated catalyst. 

INTRODUCTION Pretreatment is an important step in the development of an efficient catalyst. 
It affects the distribution of iron phases that are formed during the pretreatment and changes that 
take place during synthesis. It is controlled by the type of gas, temperature (T), pressure (p) and gas 
space velocity (S.V.) used. The FT activity and possibly selectivity may be related to the iron phases 
present in the catalyst; however the role of any specific phase on the FT synthesis is not yet clearly 
understood. 

M6ssbauer characterization oftwo iron based catalysts,viz., UCI 1185-57 and UCI 1185-149 
has been carried out with a view to identify and quantify the iron phases that are present in the 
activated and spent catalysts and define their influence on Fischer-Tropsch (FT) synthesis, The 

EXPERIMENTAL: 
CO-ACTIVATED UCI 1185-57 CATALYST: The UCI 1185-57 catalyst 

(64s/8q0~5%Cu0/1%K20/30% Kaolin) was pretreated under CO at 270°C and then subjected to 
IT run conditions with a syngas of H,/CO=O.7. Catalyst samples were withdrawn at various times 
during the pretreatment and FT synthesis. The phase distributions are given in Table I. The X-FeSC2 
is formed rapidly during activation in CO. 

The UCI 1185-57 catalyst was 
preheated in He up to ZOOT, then heated in H,+CO at 280°C during the remainer of a 24 hour 
period and then subjected to a FT run with a syngas of H,/C0=0.7. The catalyst samples .were 
withdrawn at various times during pretreatment and FT synthesis. The phase distribution determined 
is given in Table II. As compared to the CO pretreatment, activation in synthesis gas leads to the 
formation and a slow increase of X-carbide and &carbide at the expense of FqO,. The carbides are 
formed in proportion to the pretreatment and synthesis duration, in addition to magnetite, some 
substituted magnetite and a small fraction of superparamagnetic iron oxide. 
RESULTS AND DISCUSSION: As can be seen from the data in Table I, the hematite is 
converted into magnetite (FqO, ) during heating the catalyst in CO up to 270°C in 2 hrs 43 min. The 
magnetite is converted into x-Fe,C, during further pretreatment under CO at 270°C; this phase 
represents is 90% at the end of 24hrs of pretreatment. The remaining 10% of magnetite is converted 
into superparamagnetic (spm) phase. Low temperature (l2'C) measurement on RJO-139J has 
revealed that the spm phase is magnetite. During FT synthesis part of the X-FesC, (-25Yo) converted 
again to FqO, and spm phase. However, &er about 20 hrs of FT synthesis, the amounts of X-Fe,C, 
, Fe304 and the spm phases do not change further. The FT activity remains essentially constant at 
-70% H,+CO during these changes. 

The activity of the catalyst is higher when activated in CO than in synthesis gas. As compared 
to the CO pretreatment, the synthesis gas pretreatment leads to a slow increase in the X-Fe,C2 and 

Mossbauer spectroscopy, X-carbide, Fischer-Tropsch synthesis 

. catalysts were activated in (i) CO or (ii) H2/C0 (syngas) and then subjected to FT synthesis. 

SYNGAS-ACTIVATED UCI-1185-57 CATALYST: 
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L-F%,C phases at the expense ofFqO, and the conversion = 30% (H2+CO) at the end of 24 hrs of 
activation. The X-FeSC2 and k-Fq,2C continue to grow during FT synthesis while FqO, continues 
to  decrease indicating that magnetite converts into carbides, a trend which is opposite to that seen 
in the case of CO-activated catalyst (Fig. la). It may be noted that there is no L-Fe,,,& detected in 
samples withdrawn during either pretreatment or FT synthesis in the case of the CO pretreated 
catalyst. 

The (CDtHJ conversion for the two types of pretreatment is shown in Fig. Ib. The (CO+H2) 
conversion is maintained at =70% in the case of CO pretreated catalyst. On the other hand, in the 
case of synthesis gas pretreated catalyst, the conversion reaches = 60% during activation but drops 
to = 30% at the start of FT mn when process conditions are changed. Some carbides were formed 
during activation and they continue to increase during the FT run. 

We have also carried out Mossbauer investigations on the low a catalyst, UCI 1185-149 (2nd 
preparation) (57.2Fd9.3CdO.05K) that had been subjected to pretreatment in (i) CO and (ii) H,/CO. 
The pretreatment and FT synthesis conditions are given below and the results of are given in Tables 
III and IV. 
CO-ACTIVATED UCI 1185-149 (2ND): This catalyst was pretreated in CO at 270"C, 175 psig, 
for 22hrs in 1.4 nL, CO/g-Fe hr. FT synthesis was carried out with 10% catalyst loading in distilled 
Allied-Signal heavy wax at 270°C, 175psig. 2.4 nL. syngadg-Fe hr, at 1000rpm. 

The activation is not complete during pretreatment. As can be observed from the Table III, 
the amount of x-carbide continues to increase during FT synthesis and the FT activity decreases with 
increasing time on stream. 
SYNGASACTNATED UCI 1185-149 (2ND): 
HdCO at 280°C. 175 psig, for 14hrs in 1.4 nL. CO/g-Fe hr. FT synthesis was carried out in C28 wax 
with 10% catalyst loading at 270"C, 175psig, 2.4 nL. syngadg-Fe hr, at 1000rpm. For this catalyst 
also the carbiding is not complete during pretreatment. As can be. observed from the data in Table IV, 
the X-carbide continues to increase during FT synthesis and the FT activity decreases with increasing 
time on stream, similar to the other catalyst used in this study. It may be noted that the FT activity 
is low even when the X-FesCz present in the spent catalyst is as much as 91%. This indicates that 
the absolute amount of X-FeSC2 present in the catalyst is not significant for FT activity. 

Zarochak and McDonald [ 11 have carried out studies on the effects of pretreatment on the 
slurry phase FT synthesis activity and selectivity of a potassium-promoted precipitated iron catalyst 
and characterized the catalyst by Mossbauer spectroscopy measurements. They carried out two kinds 
ofactivation for the potassium promoted catalyst ((i) in CO and (ii) in syngas) were used and then 
the materials were subjected to FT synthesis. The catalyst activated in CO for 24 hrs gets completely 
converted into X-FeSC, while the catalyst activated in syngas was converted partly to f-Fe,?,C during 
24hrs of activation, and was completely converted to this phase only after 503 hrs of synthesis. The 
IT activity of the catalyst subjected to CO pretreatment was found to be higher than that found for 
the catalyst activated in syngas and the decrease in the FT activity with time on stream was slower 
for the CO pretreated sample. 

References: [l] M.F.Zarochak and M.A. McDonald 

This catalyst was pretreated in 

Slurry-Phase Fischer-Tropsch Synthesis 
6th DOE Indirect Liquefaction Contractor's Meeting 
Dec 1-9, 1987, Pittsburgh Energy Technology Center, Pittsburgh 

Tablet 

CO-activated UCI 1185-57 catalyst: 
Sample %Fe,O, %X-carbide 

Preheat conditions: 

RJ0139A Heating up to 270°C 100 -__ 
RJ0139B 2Shrunder CO@27O0C 95 --_ 

under CO in 2hr 43min 

RJ0139C 6.5hr under CO@27O0C 62 26 
RJ0139D 10.5hrunder CO@27O0C 33 56 
RJ0139E 18.5hr under CO@27O0C 12 78 
RJ0139F 24hr under CO@27O0C -- 90 

Spm Phase 

5 
12 
11 
10 
10 
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&&&conditions 

RJ0139G 6hrof synthesis - 87 13 
RJ0139H 19.75hr synthesis 8 69 23 
NO1391 27.75hr synthesis 10 67 23 
RJ0139J 4 8 . 7 9 ~  synthesis 13. 62 25 
RJ0139K 140 hrsynthesis 16 66 18 
S P P  superparamagnetic 

Pretreatment conditions: 

Synthesis conditions: Hz/C0=0.7, space veIocity=3,4nuhr/g(Fe) 

Ramped up to 270°C @ l.S"C/min. under CO @ 175 psig. 
Maintained at 270°C and 175psig with CO flow for 24 hr. 

T=270°C and pressure 175psig. 

Table Ut 

a + C O )  activated UCI 1185-57 eatalvst; 
Sample a-Fq03 Fe,O, S-Fe,O, X-Carbide f-carbide Spm 

NO-140A 94 _- __ 2 -- 4 
taken after 
heating to 200°C 
inHe in2hr43 min 
NO-140C -_ 93 7 
7hr in (CWH2) 
Taken at 250C during 
heat upto 280 C 

-- -- -- 

1 SOpsig,TOS*=7hr, 
s.v.4. 

RJO-14OE -_ 85 5 _- 5 5  
Taken after reaching 
28O0C,TOS=l1.2hr 
NO- 140F - 69 5 6 13 7 
taken 3.75h after 
reaching 280°C, 
TOS=lShr 
RJO-140G _- 
Taken 12.5hr after 
reaching 280°C 
TOS=23.75hr 

4 4 5  12 23 17 

FT svnthesis 
conditions: 

WO-140H - 
Taken 3.25hr after 
switching to synthesis 
conditions,S.V=2.5, 
2oOpsig, TOS=27hr 
RJO-1401 _- 
Taken after 26.5hr 
under synthesis 
conditions, 
TOS=50.25hr 

25 4 27 33 11 

17 -- 35 42 6 

TOS= time on stream 
S-F%04 = substituted magnetite 
t Catalyst preparation and FT synthesis runs were carried out CAER 
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Table III 

SAMPLE X-Fe,C, FqO, Spm @i2+CO) 
Conv?/o* 

CW-S3-ll-D 40 31 23 84.0 
TOS=84HRS 

CW-S3-ll-J 60 30 10 67.1 
TOS=235HRS 

CW-S3-lI-M 68 21 5 51.2 
TOS=305 

Catalyst preparation and FT synthesis runs were carried out at PETC, Pittsburgh 

Table IV 

UCI 1185-149 2nd catalyst activated in syngas: 
I I I I I I 

Sample X- F%O4 Spm (HZ+cO)' 
Fe,C, phase conversion 

cw-s3-10- 36 48 16 - 
ACT 
Activated for 
14hrs 

CW-S3-lO-A 84 14 2 16 
FT run for 
26hrs 

CW-S3- IO-B 91 I 2 6 
FT run for 
49hrs 

Catalyst preparation and FT runs were carried out at PETC, Pittsburgh 
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FINE DETAILS ON THE SELECTIVITY AND KINETICS OF THE FISCHER- 
TROPSCH SYNTHESIS OVER PRECIPITATED COBALT CATALYSTS BY 
COMBINATION OF QUANTITATIVE GAS CHROMATOGRAPHY AND MODELLING. 

Ronald S. Hurlbut, Imre Puskas and Daniel J. Schumacher 
Amoco Corporation, Naperville, Illinois 60566, (708) 653-4897 

Keywords: .Fischer-Tropsch, chain growth, kinetics, diffusion. 

INTRODUCTION. 
This report summarizes a part of our work carried out on the 
conversion of natural gas-derived synthesis gas to liquid fuels. 
Particularly, we were interested to find a catalyst which can 
convert dilute synthesis gas -such as obtainable from natural gas 
by partial oxidation with air- to predominantly liquid products 
at low pressures. For this purpose we needed to generate 
fundamental kinetic information on the controllability of the 
molecular weight distribution, which is defined by the chain 
growth probability of the reaction, because relatively little 
information is available on the subject (1-5). A wealth of 
information suggests, that with some exceptions in the low 
molecular weight regimes (1,6), the product distributions can be 
described by Anderson-Schulz-Flory (ASP) kinetics, using either a 
single chain growth probability, or separate chain growth 
probabilities for the light and heavy products (7). The causes of 
the "dual" chain.growth probabilities still have not been 
defined. Three causes have been suggested which could account for 
the dual chain growth probabilities: l./ Differences in the 
catalytic sites ( 8 , 9 ) ;  2 . 1  transport-enhanced 1-olefin 
readsorption and incorporation into the heavy product fractions 
(10); 3./ operating characteristics of the reactor (3). I 

f To aid with our objectives, we have developed an approach for 
product analyses which is based on a combination of quantitative 
gas chromatography and modelling. This resulted in instantaneous 
determinations of the complex product mixtures, providing an 
opportunity to generate instantaneovs information on the 
selectivity and the kinetics of tho reaction. The influence of 
experimental parameters (feed, pressxe, space velocity and 
temperature) on the chain growth probability and on the rate was 
studied by this analytical approach. The results shed new 
information on the causes of the deviations from the ASF . 
kinetics. Furthermore, the kinetic data also provide evidence for 
diffusional limitations of the reaction rates. Finally, the 
instantaneous analyses may aid in future research to link the 
kinetics and the selectivity of the reaction which seem to be 
interdependent and hence should require simultaneous treatment. 

EXPERIMENTAL SECTION, 
The methods of, catalyst preparation, characterizations, 
evaluations and product analyses have been outlined in previous 
publications (6, 11-13). Full details are given in the 
unabbreviated version of this paper. 

RESULTS AND DISCUSSIONS. 
1.1 Feed composition studies, 
The addition of extra hydrogen to the feed was evaluated on 
Catalyst 1 in an experiment conducted at 197OC. 156 kPa. Table 1 
gives the detailed results. Table 1 also serves to illustrate the 
type of infornation generatedoby tSe GC-modelling combination. 
The data show that an increase of the HI to CO feed ratio from 
2.0 to 3.1 resulted in substantial increase of the reaction rate 
as indicated by the catalyst productivities, and a modest 
decrease in the growth factor. The data also illustrate how the 
C to C product selectivities, expressed in percentage of the 
theoretical ASP predictions, change with the Ht to CO feed ratio. 
The C1 sglectivity is very dependent on the feed ratio. However, 
the C2 to C, selectivities are only little influenced by the feed 
ratio. This is in line with our earlier findings (6), that over 
Co catalysts, the fraction of C2 to C 
telomerization is nearly constant and little influenced by the 
experimental variables. The data of Table 1 suggest, that high HZ 
to CO feed ratio promotes the hydrogenation of the Cl-C4 olefins 
slightly more than their telomerization. 

We considered the possibility that physisorbing inert components 
o f  the teed may also impact on the value of the growth Eaclor. by 

I 

olefin incorporation by 
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creating "steric impediment" to propagation on the surface of the 
catalyst. This possibility was studied by nitrogen dilution of 
the feed on Catalyst 2, at 202%. 168 kPa. The highlights of the 
results are shown in Figure 1. Indeed, nitrogen dilution of the 
feed resulted in decreased growth and decreased rate 
(productivity). Since nitrogen dilution also resulted in 
Increased space velocity, specifically from 131 to 177 VHSV, the 
Possibility need to be considered that the observed changes may 
have been caused by spqce velocity changes rather than by 
nitrogen dilution. It will be demonstrated later, that increased 
feed space velocity results in increased rate, without affecting 
the growth factor. Hence we can conclude that nitrogen dilution 
was the cause of the lower reaction rate and 1.ower growth factor. 

If nitrogen dilution affects the chain growth, it is expected, 
that the hydrocarbon products of the synthesis may also have a 
similar effect. The effect of hydrocarbon dilution was studied by 
comparing the reaction products frcn o-t=-?ass werations and from 
recycle mode operations. In thFs !.~".:.*-r TO?.-, :\e reaction 
products were passed through ar a!.r-r;oo:qd conGenser to condense 
out the liquids. Part of the uncondensed gases were pumped back 
into the reactor after mixing with fresh f?ed. Catalyst 3 was 
used in the experiments, at 200.5OC. 103 kPa, with identical 
fresh feed flows. In the once-through operations. we obtained 
60.4% CO conversion, 11.8% methane selectivity, 0,732 growth 
factor and 0.0235 g/g/hr catalyst productivities. During recycle 
operations, wjth 1.9 to 1 volumetric recycle to fresh feed ratio, 
we obtained 58.2% CO conversion, 13.2% methane selectivity and 
0.0223 g/g/hr catalyst productivity. Unfortunately, the gas 
chromatographic effluent analysis was not adoptable for the 
determination of the growth factor on the basis of the C6 to Cl0 
products, because these were partially removed by the recycle 
operations. We estimate 0.725 growth factor for the recycle 
operations on the basis that it yields the same selectivity 
balance as obtained in the once-through operations. We believe 
that these results qualitatively demonstrate that hydrocarbon 
dilution of the feed results in decreased growth and decreased 
rate, because the inert diluents successfully compete with the 
chemisorbing reagents for the catalytic sites. 

2./ Pressure effects. 
Table 2 illustrates the effect of s.:.;.:.:. arebs'xs changes at 
constant temperatures and coqstant fsed ?!ob1 rates on three 
different catalysts. In all cases, significant increases in the 
growth factor and also in the rates (catalyst productivities) 
were caused by small pressure increases. The Cl to C, carbon 
selectivities (not shown in the Table) followed the trends 
defined by the growth factors. However, the C to C,, 
selectivities expressed in percent of their theoretrcal values 
did not appear to change. The small scatter of data is 
attributable to analytical error; no trend can be recognized with 
the pressure changes. 

3.1 Soace velocity effects. 
The effect of space velocity changes was studied on Catalyst 6 in 
atmospheric experiments at 195%. The results are summarized in 
Figures 2 to 8. As Figure 2 shows, in this series of experiments 
we obtained essentially 100% selectivity balances, indicating 
that the ASP model extrapolation adequately accounted for the 
heavy products. Figure 2 also shows that the space velocity had 
little, if any effect on the growth factor. The data of Figure 3 
illustrate another interesting point. While the CO conversion 
increased with increasing contact time (i.e. decreasing space 
velocity), the catalyst productivity Cecreased.. Since the 
reaction occurs on the catalyst surface, and the feed 

series of experiments, the change in catalyst productivity (rate) 
must have been caused by changes in the diffusion rates of the 
reagents to reach the catalyst surface. Faster Space velocity 
provided faster diffusion rates. From these results, diffusional 
limitations of the reaction rates can be inferred. 

pigures 4 to 8 show the cI to c, product selectivity dependencies 
on the contact time. These appear to be independent of the 
contact time. However, as expected, the distribution of the C1 
and C, products changes. The propylene and 1-butene coiltents 
I ~ I : , : ~ C f ~ $ ; L .  w i  I kt increasing contact L i m a  due to hydrogenat i o n s  Lo 

. composition, temperature and pressure were identical in this 
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propane and butane, respectively, and, in case of 1-butene, also 
to isomerizations to cis- and trans-2 butenes (Figures 6 to 8). 

4 . 1  TemDerature effects. 
The effect of temperature changes was studied at constant 
pressure (156 kPa) and constant space velocity (120 VHSV) on 
Catalyst 1. As Figure 9 illustrates, in the 190-2056 region, the 
growth factor steeply increased with decreasing temperature. 
However, below about 1 8 0 6 .  the measured growth factors did not 
seem to change with decreasing temperature. The carbon 
selectivity balances, also shown in Figure 9, may shed some 
information about the causes of these observations. Above about 
190%. the carbon balances were in the 91-95 percent range, 
suggesting that extrapolation by the ASF model underestimated the 
heavy product formation. Below about 1 8 5 6 ,  the heavy product 
formation was substantially underestimated as revealed by the 
balance data. Hence we infer, that at decreasing temperature, 
heavier products with very high value of growth factor may have 
continued to form, but these had little impact on the relative 
amounts of C6 to C, products which provided the basis for the 
determination of tRe growth factor. The data seem to support the 
theories, that the measured growth factor is a composite of a 
wide range of actual growth factors. 

Figures 10 to 12 illustrate, that the ?ethane selectivities, 
expressed in percent of the theoretical, increase with increasing 
temperature, but the C C, and C, selectivities are unaffected. 
However, temperature affects the C and C, distributions. At 
higher temperatures less propene ( h g u r e  11) and less 1-butene 
(Figure 12) were found. 

Figure 13 shows the temperature dependance of the CO conversions 
and the catalyst productivities. Surprisingly, the results 
suggest a linear correlation between temperature (T) and rate 
(-r), except for the high temperature (high conversion) regions: 

(1) 
where k is the rate constant, K is another constant 
characteristic for the conditions and T. is the temperature of 
the start of the reaction. This means that the Arrhenius equation 
is not valid in this surface reaction. Nevertheless, in Figure 
14, we present a pro-forma Arrhenius plot which is curved. (For 
the plot, we used CO conversion data in lieu of rate constants 
from the linear region of Figure 13). The results may not be 
surprising, because theoretical considerations have demonstrated 
that non-linear Arrhenius plots can be obtained in transport- 
limited catalytic reactions (14, 15). From the data, we estimate 
pro forma activation energies ranging from 16 to 31 kcal/mole, 
which cover the bulk of the previously reported values. 

CHAIN GROWTH PROBABILITY AND PRODUCT SZLZCTIVITY, 
We propose that the chain growth probability (dJ is defined by 
the nature of the catalyst surface (C), the surface 
concentrations of the adsorbed species (Sa to S ) -which include 
chemisorbing reagents and non-reactive adsorbed species- and the 

-r k K (T-Ti) 

temperature of the surface: 
d =  f (C, S h 8 . . . S ~ ,  T) 

It may be expected, that the nature of the aatalytic metal, the 
sise of the metal crystallites, metal-support interactions may 
influence the chain growth probability. Indeed, different 
catalytic sites were postulated in the past to give different 
chain growth (8,9). However, providing evidence for this was 
elusive, but scientific interest continues in the subject. 
Our results demonstrated, that not only the chemisorbing 
reagents, but also the physisorbing inerts can affect the chain 
growth probability. The surface concentrations of the adsorbed 
species will depend on their respective concentrations in the gas 
phase, on the pressure, on their rate of chemisorption, and on 
the diffusional conditions. 

Even though it may be a long way to define an explicit form for 
Equation 2 ,  the Equation my be useful for some qualitative 
predictions. Even if a specific catalyst were to possess only one 
type of catalytic site, a common plug-flow type reactor will 
produce a multiplicity of growth factors due to changes in the 
relative surface concentrations of the adsorbing species along 
the reactor axis arising from gas-phase compositional charrges. 
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and due to minor temperature gradients on the surfaces. We have 
modelled these possibilities and some results with relevant 
assumptions are shown. Figure 15 gives the calculated ASF plot of 
a product mixture with growth factor evenly changing from 0.70 to 
0 . 8 0 .  For all practical purpose, the product mixture can be 
described by a single growth factor. However, a careful 
examination reveals a slight break in the ASF plot at C-CIo. 
Figure 16 gives the AsF plots of two assumed mixtures. Pn one of 
the mixtures, the growth factor continuously changes from 0.60 to 
0.85, in the other one from 0.60 to 0.95. In both examples, there 
1s a break in the ASF plot around C . However, the Cg to C ' data 
from the two plots are nearly parali'el, yielding nearly idintical 
growth factor values by the conventional measurements. With this 
example, we have simulated an explanation for the finding that 
the measured growth factor did not increase with decreasing 
temperature below about 185%. 

The above discussion makes it clear that the operating 
characteristics of the reactor can result in molecular weight 
distributions with non-linear ASF plots. However, our results do 
not provide any indication that "transport enhanced olefin 
readsorption" can lead to increased growth probability and to 
non-linear ASF plots, as Eostulated recently (10). In our work, 
we have found evidence only for Cl;Cl olefin incorporation, and 
possibly very little Cs incorporation, but the degree of these 
incorporations was fairly constant and independent of the 
residence time. 
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TABLE 1. Changes in Catalyst Performance and Product 
Selectivities with Changes in the H2 to CO Feed Ratio.' 

2.0 2.5 2.5 3.1 3.1 H2/C0 ratio 
VHSV 
% CO conv. 
Productivity 
Zrowth factor 
% Balance 
% Selectivities 

CO2 
CI c2-s 
c,-s 
c,-s 

CI c*-s 
cj-s 

c,-s 

b of theoretical 

Propene 
Propane 

1-Butene 
n-Butane 

2.0 
120 
60.3 

0.0285 
0.752 
96.2 

2.9 
8.9 
2.1 
7.1 
9.0 

151 
24.4 
69.7 
38.8 
30.8 
87.2 
23.7 
33.6 

- .  

120 131 131 
59.4 77.3 77.5 

0.0281 0.0367 0.036 
0.756 0.733 0.732 
95.8 93.1 93.9 

2.8 2.6 2.7 
8.8 11.5 11.8 
2.1 2.5 2.7 
7 .O 7.0 7.3 
8.7 9.0 9.2 

141 
91.5 

0.0436 
0.720 
96.6 

2.2 
16.2 
3.4 
7.7 
9.7 

153 167 171 213 
24.6 26.4 28.0 34.1 
70.0 66.1 68.5 71.4 
39.8 23.2 23.1 9.0 
30.2 42.9 45.4 62.4 
85.8 87.1 89.1 93.3 
23.5 14.7 14.8 9.8 

141 
93.5 

0.0443 
0.712 
97.7 

2.7 
18.7 
3.7 
8.0 
9.8 

233 
32.4 
73.4 
6.5 

66.9 

9.9 
95.7 

33.1 42.6 43.8 58.9 62.8 
t-2-Butene 14.3 13.7 16.2 16.6 14.9 14.5 

ne 1 5.6 15.5 13.7 13.9 9.7 8.5 _ -  
Catalyst 1 at 197+1OC, 156 kPa. The volumetric feed compositions 
were 18-38-46, 16-41-43 and 15-47-38 CO-H2-N2, repectively. 

TABLE 2.The Effect of Small Pressure Changes on Catalyst * 
Performance and Product Selectivities. 

Catalyst ID NO 2 4 
Temperature, 'X 203 193 
Pressure, kPa 169 241 104 170 170 
VHSV 131 131 286 286 220 220 
Contact time (sec.) 46 65 13 21 27 32 
% CO conversion 79.1 90.0 32.7 39.9 68.9 78.8 
Productivity (g/g/hr) 0.034 0.039 0.014 0.016 0.043 0.050 
Growth factor 0.703 0.736 0.739 0.789 0.648 0.696 
% Balance 99.4 98.1 96.1 102.6 96.3 93.5 
% CO selectivity 4.0 4.9 3.1 2.3 2.9 3.2 
SeleLtivities, % of theoretical 

144 142 191 215 135 122 
24.4 23.4 23.8 25.6 26.0 22.3 
68.1 65.6 69.6 76.5 70.4 62.8 

CI 
c2 
c3 

c4 

22.8 21.4 40.0 44.7 25.8 21.2 Propene 
Propane 45.2 44.2 29.5 31.7 44.5 41.6 

93.6 90.2 88.6 93.9 95.4 86.4 
13.4 11.6 21.0 23.9 14.2 11.4 1 -Butene 

n-But ane 43.7 43.0 33.2 38.0 40.4 38.4 
t-2-Butene 21.0 19.9 19.3 17.0 23.8 21.4 
c-2-Butene 15.6 15.6 15.1 15.0 17.0 15.2 

FIGURE 3 FIGURE 4 
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REOXIDATION AND DEACTIVATION OF SUPPORTED COBALT 
FISCiIER-TROPSCH CATALYSTS 

D. Schanke,, A.M. Hihen’, E. Bergene’, K. Kinnari’, E. Rytter’, 
E. Adnanes, and A .  Holmen’ 

’Department of Industrial Chemistry, Norwegian Institute Of Tech- 
nology, University of Trondheim, N-7034 Trondheim, Norway 
,SINTEF Applied Chemistry, N-7034 Trondheim, Norway 
’Statoil Research Centre, N-7005 Trondheim, Norway 

Keywords: Fischer-Tropsch synthesis, cobalt catalysts, deactiva- 

INTRODUCTION 

As a result of the highly exothermic nature of the Fischer-Tropsch 
reaction, heat transfer considerations limit the maximum conversion 
per pass in fixed-bed processes, whereas slurry reactors can 
operate at higher conversions (1). During Fischer-Tropsch synthesis 
on cobalt catalysts, high conversions will generate high partial 
pressures of water at the reactor exit, due to the low water gas 
shift activity of cobalt. In addition, the extensive back-mixing in 
slurry reactors will give a relatively uniform concentration 
profile in the reactor, characterized by a high concentration of 
water and low reactant concentrations. From the commercial iron- 
catalyzed Fischer-Tropsch synthesis in fixed-bed (Arge) reactors it 
is known that the catalyst deactivates by oxidation of iron by CO, 
and H,O near the exit of the reactor (2). Although bulk oxidation 
of cobalt during Fischer-Tropsch synthesis is not thermodynamically 
favored, it was early speculated that surface oxidation of cobalt 
could occur during Fischer-Tropsch synthesis (3). 

The purpose of the present work is to describe the influence of 
water on - the deactivation behavior of A1,0, supported cobalt 
catalysts. The possibility of cobalt oxidation during Fischer- 
Tropsch synthesis was investigated by model studies. 

t ion 

2. EXPERIMENTAL 

2.1  Catalysts 

Cobalt catalysts containing (by weight) -20% Co, 1% Re and 
optionally 1% rare earth oxides (designated RE) on y-Al,O,, were 
prepared by incipient wetness coimpregnation of the support with 
aqueous solutions of Co(N03),.6H,0, HReO, and (optionally) the RE- 
oxide precursor. The rare earth oxide precursor was supplied as 
nitrates (MOlyCOrp 5247) and contained 66% La,O, after calcination, 
the remainder being other rare earth oxides. ?he catalysts were 
dried in air overnight at 393 K before calcination in air at 573 K 
for 2 hours. The alumina supports had a specific surface area of 
174 - 182 m’/g and 0.7-0.9 cm’/g pore volume. The extent of cobalt 
reduction was -80% after reduction at 623 K for 14-16 hours 
(measured by 0, titration at 673 K), and the cobalt dispersion 
(H,,,:Co) was estimated to 7-8% by temperature programmed desorption 
of H,. 

2.2 Kinetic experiments 

Deactivation studies were carried out in a 0.9 cm I.D. stainless 
steel fixed-bed reactor heated by a fluidized sand bath. 3 g of 
catalyst (38-53 w) was diluted with an inert material (non porous 
Sic) in a 1:3 weight ratio to minimize temperature gradients. The 
catalyst was reduced in flowing hydrogen (5000  cm’ (STP) / (gCat-h) ) 
at atmospheric pressure at 623 K for 16 hours (heating rate from 
ambient temperature: 1 K/min). After reduction, tho catalyst was 
cooled to 443 K in flowing H, and purged with He before increasing 
the pressure to 20 bar and switching to a feed mixture containing 
97 mol% synthesis gas with H,/CO = 2.1 and 3 mol% N,. The reaction 
temperature was then slowly increased to the desired initial 
reaction temperature. On-line GC samples were taken at regular 
intervals and analyzed for N,. CO, CO, and C,+ hydrocarbons on a ne 
5890 gas chromatograph. Space velocity was varied to give 20-70% co 
conversion. High water partial pressures were obtained by addition 
of steam to the reactor inlet. 

167 



2 . 3  Gravimetric experiments 

Reoxidation experiments were performed in a Sartorius 4436 high 
pressure microbalance (4) . Before reduction, the catalyst was dried 
for 24 hours at a temperature 50 K higher than the reduction 
temperature to ensure minimal weight losses due to removal of water 
from the catalyst during reduction. After cooling to ambient 
temperature, the catalyst was reduced in flowing H, (1 K/min. to 623 
K, 16 hours hold time). After reduction, the temperature was 
adjusted to 523 K and a feed consisting of H,, He and H,O (as steam) 
was added to the reactor for a period of 16-17 hours. 

2 . 4  X-ray Photoelectron Spectroscopy (XPSI 

XPS studies were conducted in a VG ESCALAB MkII instrument equipped 
with a non-monochromatic A1 Ka source (1486.6 eV). The catalyst 
samples were treated in an integrated high pressure pretreatment 
cell before being transferred to the analysis chamber without 
exposure to alr. The catalysts were analyzed in the unreduced 
state, after reduction and after.treatment with a H,O/H, mixture. 

3 .  RESULTS AND DISCUSSION 

3 . 1  CO hydrogenation experiments 

Fig. 1. shows a typical example of the deactivation behavior of an 
alumina supported, Re-promoted cobalt catalyst. The results are 
obtained after a 50 h period of stable operation at 463 and 473 K 
and the co conversion was adjusted to 31-33% before and after the 
period where water was added to the feed, in order to allow direct 
comparison of the catalyst activities. The sharp decrease in 
reaction rate when water is introduced into the feed is a result of 
a reversible kinetic effect caused by the change in feed 
composition and is recovered when water is removed from the feed. 
The drop in reaction rate is apparently greater than predicted by 
1. order kinetics, meaning that the change in reaction rate can I 
only partly be explained by the decreased partial pressure of H, 
when the feed is diluted with H,O. The reversible part of the 
decrease in reaction rate must therefore also contain an inhibition 
term associated with the concentration of water which is not 
accounted for in the simple 1. order (in H,) kinetics. Similar 
behavior has been reported for iron catalysts (5). The contribution 
of the water inhibition term is likely to be larger than indicated 
in Fig. 1, since the pressure order for Fischer-Tropsch synthesis 
on cobalt has been shown to be less than 1.0 (6). 

In addition to the inhibition effect’, the presence of high water 
partial pressures also results in relatively rapid deactivation of 
the catalyst. It is shown that the rate of deactivation is further 
increased when the inlet partial pressure of water is raised from 
5 to 7.5 bar. Virtually no further deactivation was observed after 
the water had been removed from the feed. From comparison of rates 
or rate constants before and after the period where water was added 
to the feed, the catalyst has lost aagroximately 30% of its initial 
activity. There is s tendency for decreased rate of deactivation 
towards the end of the period where water was added to the feed, 
indicating that the rate of deactivation depends not only on the 
partial pressure of water, but also on the remaining activity. This 
is the expected behavior in the case of a parallel poisoning 
reaction. 

The influence of water on the deactivation can also be shown 
indirectly by monitoring the change in reaction rate at different 
conversions for a fresh catalyst. Fig. 2. shows that a stable 
activity is obtained at ,-34 and -52% co conversion, whereas 
deactivation is evident when the conversion is raised to an initial 
value of -70%. These conversions correspond to H,O partial pressures 
of approximately 3, 5 and 7 bar respectively at the reactor outlet. 
However, th’ese partial pressures are not directly comparable to the 
situation where water is added to the feed. In the latter case, a 
uniform concentration profile of water in the reactor is obtained. 
In the case where all of the water is produced by the Fischer- 
Tropsch reaction. the concentration of water will be high only near 
the reactor exit. 
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3 . 2  Model studies 

Model experiments at non-reacting conditions with various H,O/H, 
feeds were carried out in order to test the hypothesis of cobalt 
oxidation as being responsible for the observed deactivation. 

Results from the gravimetric studies are shown in Fig. 3. In the 
series of experiments shown here, catalysts without rare earth 
oxides (RE) have been used. Although this precludes direct compar- 
ison with the deactivation studies, we have generally experienced 
that this low level of RE loading does not influence the deactiva- 
tion behavior significantly. 

A common feature of all of the curves shown in Fig. 3 is the 
initial rapid weight increase of -20 mg/g. Blank experiments Using 
unreduced catalyst (curve 1 in Fig. 3 )  and the pure support (not 
shown) also showed the same initial weight increase. It is 
therefore concluded that the initial behavior is caused by 
adsorption of water on the porous support. The water adsorption 
equilibrium is rapidly established and the blank experiments 
therefore serve as a baseline for measuring weight gains associated 
with the possible oxidation of cobalt. 

Exposure of the reduced CoRe/Al,O, catalyst to a H,O/He mixture 
(without H,) resulted in a large weight increase, corresponding to 
almost complete bulk reoxidation of cobalt (curve 4 in Fig. 3 ) .  The 
situation is markedly different when the feed contains even small 
amounts of H,, as shown for the case with H,O/H, = 10 where the 
weight curve indicates only a limited extent of reoxidation (curve 
3 in Fig. 3 ) .  This H,O/H, ratio would represent a very high 
conversion and a stronger deactivation potential than in the 
kinetic experiments. At the same partial pressure of water but at 
a higher H, partial pressure (H,O/H, = 1.5), which could be consider- 
ed a more realistic case, an even lower weight increase suggests 
almost negligible bulk reoxidation (curve 2 in Fig. 3 ) .  

Significant bulk oxidation of metallic cobalt was therefore 
considered to be unlikely under Fischer-Tropsch reaction condi- 
tions. In view of the strong deactivating effect of water shown in 
Fig. 1, the possibility of surface oxidation was therefore 
considered. 

XPS spectra of a 20%Co-1%Re-1%RE/y-A1203 catalyst are shown in Fig. 
4. The peak at 781.5 eV, which is the dominant peak in the XPS 
spectrum of the calcined catalyst (curve a in Fig. 4 ) ,  is assigned 
to cobalt oxides, and is accompanied by a shake-up satelite at 787- 
788 eV, probably representing Co2’. In the reduced catalyst (curve 
b in Fig. 4), the XPS peak representing cobalt metal (778 ev) is 
visible, but the XPS-spectrum is still dominated by the oxide peak 
at 781.5 eV. In general, the extent of reduction measured by XPS 
(given as the intensity ratio Coo/ (Co2””+Co0) ) is significantly 
lower than estimated by bulk methods. This is most likely caused by 
the presence of multiple cobalt oxide phases with widely different 
dispersion and reducibility, ranging from large Co,O, crystallites 
to an atomically dispersed surface cobalt aluminate (7,8). The 
latter is unreducible at the temperatures used in this study but 
will dominate the XPS-spectrum due to the high dispersion. 

Treatment of the reduced catalyst with a 1:4 H,O/H, mixture, gave 
clear indications of reoxidation of cobalt metal to Co2’ or CO”, as 
shown by the decreased C O ~ / C O ’ + / ~ ’  intensity ratio (curve c in Fig. 
4 ) .  The intensity of the satelite peak appears to increase 
slightly, indicating some formation of Co2’. 

Thermodynamic calculations show that bulk cobalt metal will not 
reoxidize in H,O/H, mixtures ( 3 ) .  However. highly dispersed phases 
or surface layers can be expected to show deviations from bulk 
behavior. The gravimetric studies indicated a relatively small 
extent of bulk reoxidation bf CoRe/Al,O, even at H,O/H, = 10, and an 
even more modest effect at H,O/H, = 1.5. The latter conditions are 
probably more representative of the conditions used in the fixed- 
bed deac,tivation studies. In contrast, XPS indicated significant 
reoxidation already at H,O/H, = 0.25. From the comparison of results 
from surface and bulk techniques it is reasonable to suggest that 
surface oxidation or preferential oxidation of highly dispersed 
phases occurs in H,O/H, or H,O/H,/CO mixtures. 
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4. CONCLUSIONS 

The presence of high water partial pressures during Fischer-Tropsch 
synthesis increases the rate of deactivation of a Co-Re-RE/y-Al,O, 
catalyst. In simulated high conversion conditions using H,O/H, 
feeds, bulk reoxidation of cobalt occurs only to a very limited 
extent, even at high HIO/H2 ratios. However, XPS studies indicated 
that surface oxidation or oxidation of highly dispersed cobalt 
phases are responsible for the observed deactivation. 
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Fig. 1. Activity change during simulated high conversion condit- 
ions using a 20%Co-1%Re-l%RE/y-A1,0, catalyst. 
T = 483 K, P = 20 bar, H,/CO = 2.1. 

k/k,= (OdFerved rate constant) / (Initial rate constant at 483 K) 
r/ro= (Observed rate)/(Initial rate at 483 K) 

k = pseudo 1. order rate constant for H, conversion in a plug- 
flow reactor (contraction factor = -0.5). r = hydrocarbon forma- 
tion rate (reactor average). pO,H,O = partial pressure of water at 
the reactor inlet. 
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Fig. 2. Conversion vs. time using a 20%Co-1%Re-1%RE/y-A1203 Cata- 
lyst. Step changes in conversion have been obtained by changing 
the space velocity. T = 483 K, P = 20 bar, H,/CO = 2.1. 
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Fig. 3. Weight changes recorded by the microbalance during expos- 
ure of 21%Co-1%Re/y-A120, to H,O/H,/He or H,O/He at 523 K and 10 
bar. W,, = weight increase corresponding to total reoxidation of 
cobalt to Co,O,, assuming 80% initial extent of reduction. 
1. Unreduced catalyst (pH20:pH2:~He = 5.5 :0 :4 .5  (bar)) 
2. Reduced catalyst (pH20:pH2:pHL = 5.5:3.7:0.8 (bar)) 
3. Reduced catalyst ( P , , ~ ~ : P ~ , : P ~ .  = 5.5:0.55:4.0 (bar)) 
4. Reduced catalyst (pH20:pH2:PH. = 5.5:0:4.5 (bar)) 
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Fig. 4. Co 2p XPS spectra of 20%Co-1%Re-1%RE/y-A1203. 
a. Calcined catalyst. 
b. Catalyst reduced at 723 K for 13 h 
c. Reduced catalyst exposed to -20 vol% H,O in H, for 18 h 
( p  = 20 bar, T = 513 K )  
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INTRODUCTION 

The standard approach to the study of Fischer-Tropsch (m kinetics is mainly 
based on statistical techniques. The rate expression is chosen on the grounds 
of the "best data fitting" as measured by the correlation factor in parity plots. 

For each FT metal (like Co or Fe). there are different - and sometimes Conflicting 
- rate expressions proposed in the literature. The development of a rate 
expression based on well designed experimental data is a relatively simple task. 
Therefore we are inclined to believe that - at least most - of the proposed rate 
expressions are basically correct for the catalyst used to generate the 
experimental data. 

The objective of this study was to ascertain what role the specific characteristics 
of the FT catalyst plays in its kinetic behaviour. Once the main parameter(s) that 
affect this behaviour are identified, it should be possible to propose a general rate 
expression. The results of such a study are presented in this paper, in which a 
"unified" kinetic approach was taken and a single kinetic expression is proposed 
for all the different FT metals. 

METHODOLOGY 

The necessary data were obtained in two ways: 

- 
- 

Use is made of a new kinetic technique, the "Singular kinetic path" (SKP), to 
study kinetic data available in the literature for different FT metals. In short, the 
SKP technique discriminates between kinetic expressions based on the relative 
conversion path. This technique needs little experimental data, in the form of 
pairs of data points obtained at different space velocities. The two space 
velocities are selected to be in a ratio of 1 to 4 and this ratio is kept constant 
through the study. Because the data are relative and normalized, the 
reconstruction of the conversion path can be petformed using pairs of data points 
obtained at different temperatures, pressures, pairs of space velocities (at a 
constant ratio) and feed compositions. 

Use is also made of a simplified general kinetic model for the generation of the 
conversion path, based on the pairs of datum points mentioned above. This 
model is a simple stochastic model in which the feed composition generates large 
numbers of input molecules. These molecules go through many iterations it) 
which they are converted into products according to the path dictated by the 
palticular rate expression used. The new numbers and species of molecules are 
updated between iterations. The retention time is simulated by the number of 
iterations, while the space velocity is simulated by the initial numbers of 
molecules. Other inputs are the pressure and temperature. Factos like transport 
phenomena. temperature Profiles, etc. do not have an effect on this study due to 
the relative and normalized handling of the data by the SKP technique'. 

Simulation of the data from well known kinetic expressions, and 
Using experimental data from the literature. 
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KINETIC ANALYSIS 

The following kinetic expressions were used to generate the data for the 
construction of the SKP plot: 

Case 1. 'Standard' precipitated Fe catalyst, Anderson': 

'Standard' cobalt catalyst, Satterfield3: 

High Water-Gas-Shift (WGS) Fe catalyst. Ledakowicz': 

- rW + H, a pHzpCU I ('GO + 'H?O) (1) 

- 'CO * H, = c PcoPH, / (1 + d P a '  

- r, + H, = pH,pCO I (pCO + '4 (3) 

Case 2. 
(2) 

Case 3. 

Case 4. Ruthenium catalyst. Evers~n 'b ,~  
- rCU 4 H, = g pHzp& (4) 

Case 5. In addition, we used experimental data6 for a Co-Mn catalyst that 
exhibited a similar degree of WGS as a typical potassium promoted 
precipitated iron catalyst. 

The SKP plot for these 5 cases is shown in Figure 1. In this figure, the ratio of 
the space velocities is an arbitrary 4 to 1. Notice that the two iron catalysts 
(cases 1 and 3) follow a different path. The same comment applies to the two 
cobalt catalysts (cases 2 and 5). The most noticeable difference between these 
catalysts is their WGS activity. 

In the case of iron catalysts, the well known Anderson equation has a water 
partial pressure term in the denominator. That is, the accumulation of water has 
a negative effect on the rate of reaction. The Anderson equation is not able to 
reproduce Ledakowicz's data, since almost all the reaction water disappears due 
to the very high WGS activity of his catalyst. To solve this problem, Ledakowicz 
used a GO, term in the denominator of his kinetic expression. Notice that both 
the Anderson and Ledakowicz kinetic expressions can be considered particular 
cases of the more general rate expression: 

Where for the 'standard' iron, j = 0. and for the very high WGS iron, i = 0. 

The FT and WGS equations can be represented by: 

FT: CO + (1 + N2) H, - CH, + H20 (6) 

WGS: CO + H20 + C02 + H, (7) 

From equations (6) and (7), it is evident that the extent of the (CO + H,) 
conversion is proportional to the generation of CO, + H,O. Therefore. it should 
be possible to use the (H, + CO) conversion (CONV) in the denominator of the 
rate expression, instead of the CO, and H,O terms. 

Such an approach was used to reproduce the SKP paths shown in Figure 1. We 
found that it was necessaly to use the square root of the CO term in the 
numerator. The expression to reproduce the SUP paths is: 

- r, + HZ = rn PH,Pg / (P, + k CONV) (8) 
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In this expression. the conversion can be represented in terms of the partial 
pressures of the H,, CO and the generation of H,O and CO,. 

The k constants for the different catalysts are: 

Ruthenium catalyst: about 0.01 - 0.02 
'Standard" cobalt catalyst: about 0.01 . 0.02 
'Standard" precipitated iron catalyst: 
"High" WGS cobalt catalyst: 

0.3 . 0.5 
0.4 - 0.5 

High WGS iron catalyst: 3.5 

The WGS activity of typical NtheniUm and coball catalysts is very low compared 
to typical precipitated iron catalysts'. The WGS activity ot the high WGS cobalt 
catalyst is very similar to that of precipitated iron catalysts'. while the WGS activity 
of the high WGS iron catalyst' was so high that practically all the water reacted 
to CO,. It seems therefore that the k constant in equation (8) is a function of the 
WGS activity of the catalyst. 

This obsefvation is reinforced by the fact that two different FT catalysts that have 
similar WGS activity (the cobalt catalyst of case 5 and the "standard' iron catalyst 
of case 1) follow the same specific kinetic equation of Anderson'. 

Equation (8) shows that it is possible to express the interaction of the reactants 
or SKP path for different FT catalysts using a single equation. The next step is 
to consider the activation energy. 

The activation energies proposed in the literature are not so different from each 
other, even for different FT metals. Most of the published activation energies for 
cobalt are between 93 ~ 103 kJ/mo13. For iron, the range for the published 
activation energies is somewhal large?. mainly from 70 - 100 kJ/mol; while for 
Nthenium, Everson' proposes 80 kYmol. 

Since these activation energies overlap, as a first approximation a figure of 93 
kJ/mol will be assumed for use in equation (8). The general equation would then 
be: 

The accuracy of the proposed general equation (9) was tested by comparing it 
with experimental data or kinetic rate expressions and SKP path for the 5 different 
catalysts described previously. The range of operating conditions used in the 
comparison is shown in Table 1. 

The results are plotted in Figure 2 in the form of a parity plot. This figure shows 
that the general FT equation reproduces the experimental data or the predicted 
conversions using specific equations in an acceptable manner. There are some 
deviations which could be due to the fact that the proposed equation (9) is still not 
the optimal one. In addition, some deviations from proposed kinetic expressions 
are usually present due to experimental error. 

CONCLUSIONS 

It seems to be possible to model the conversion shown by different FT catalysts 
using a single kinetic rate expression. This expression applies to different metals 
and for catalysts that, despite having the same FT metal, exhibit different kinetic 
behaviour. This general kinetic expression is a first approximation, and it should 
be possible to improve it. Its objective was to ascertain the feasibility of a unified 
kinetic approach to FT kinetics. 
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The only variable in this expression is a term that is a lunction of the WGS activity 
Of the specific catalyst being modelled, We can only speculate about this 
relationship at present. There may be an overlap for the sites responsible lor the 
FT and the wGS reactions. which could explain the intimate relationship between 
the FT and WGS activities (besides the one due to the effect of FT and WGS On 
Partial pressures) and its impact on the FT kinetic rate expression. 

Should this be the case. then the path followed by the FT reaction is more 
dependent upon the reducedfoxidized state of the surface than on the chemical 
Composition of the FT catalyst under consideration. 

The applicability of the general kinetic rate expression means that there is still 
much to be done in FT catalysis, particularly in the surface field, in the 
understanding of the nature of the active sites for the FT and the WGS reactions, 
and in their interaction. 

The results from this study also point out that perhaps different FT metals should 
not be studied in isolation and that more insight could be gain from an unified 
research approach. 
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TABLE 1: Range of operating conditions for the comparison of the proposed 
General Kinetic expression versus experirnenlal data or specific 
kinetic equations for the 5 cases under study. 

Mode of 
comparison 

Case 3 Exp data 
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ABSTRACT 

Data are presented to show that alcohols produce hydrocarbons during the Fischer- 
Tropsch Synthesis (FTS) that are not consistent with a simple initiation mechanism. CO, 
is produced directly from the alcohol, and not by the reverse of the carbonylation 
reaction. CO, also initiates chain growth in the FTS, and the initiation intermediate is 
presumed to be the same intermediate as in the water-gas-shift reaction. 

INTRODUCTION 

The Fischer-Tropsch Synthesis involves the production of many hydrocarbon and 
oxygenate products from CO and H,. This makes the analysis of the products very 
difficult and adds much complexity to the interpretation of the data to develop a 
consistent mechanism for the reaction. In an effort to obtain data to aid in understanding 
this complex sgstem. isotopic tracer studies have been utilized. One approach has 
employed 14C-labeled intermediates (1-6). The early results from the use of ''C-labeled 
intermediates led to the proposal of an oxygen containing structure that is considered to 
be responsible for the initiation of the growing chain on the surface of iron catalysts (1-3). 
With the advent of surface analytical instrumentation, the presence of carbon, but not a 
significant amount of oxygen on the catalyst surface led workers to question the role of 
the oxygenated intermediate, and revived the carbide mechanism. However, this latter 
carbide mechanism differed from that of the one advanced by Fischer and Tropsch (7), 
where the synthesis was postulated to occur by utilizing the bulk carbide as an 
intermediate, since the carbide is now believed to be restricted to a surface metal carbide 
structure (8). 

EXPERIMENTAL 

The catalyst utilized for all but one of the experiments described below was a C-73 fused 
iron catalyst manufactured by the United Catalyst, Inc. Prior to use the catalyst was 
reduced at 400°C in flowing hydrogen and passivated after decreasing the temperature 
of the catalyst to room temperature. ' The passivated catalyst was slurried in octacosane 
in a one liter continuously stirred tank reactor (CSTR) and again reduced at 262°C for 
three days. The reaction was conducted using a CO/H, ratio of 1, 262°C. 8 atm. total 
pressure and a flow rate of synthesis gas to provide 60% conversion of CO. The 14C- 
tracer compound was added, using a piston pump or as a COJCO gas mixture, so that 
the carbon added in the tracer was 3 or less atomic % of the total carbon added to the 
CSTR. Liquid products were collected and analyzed for radioactivity as detailed in an 
earlier report (9). 

Experiments with the 14C0, were conducted by adding the labeled-gas to the synthesis 
gas prior to entering a 1-liter mixing vessel. The catalyst utilized in this synthesis was a 
proto-type catalyst containing 0.03% K, 12% CuO and the remainder Fe,O,. The 
experimental conditions were otherwise similar to those reported for the C-73 catalyst. 

RESULTS 

The results for the radioactivity in liquid alkane fractions show that the normal primary 
alcohol is incorporated to a much greater extent that the corresponding alpha olefin 
(Figure 1). This result, as did earlier data, suggests that the oxygen-containing 
compound is a potential chain initiator. 

One of the puzzling aspects of the tracer studies was the observation that the 
radioactivitylmole of alkane decreased approximately as the logarithm of the with carbon 
number. It was postulated that this was a result of the FTS involving two surface chains. 
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Furthermore, one chain produced alkanes, alkenes and oxygenates and was initiated by 
the added alcohol or alkene while the other chain was not initiated by the alcohol and 
produced only alkanes. These two chains could not have a common intermediate and 
would therefore occur on different catalytic sites (IO). 

Another puzzling aspect of the results obtained during the addition of the "C-labeled 
alcohol is the production of CO, that contains more ''C/mole than the CO. It is generally 
believed that the CO, that is formed during the FTS with an iron catalyst is formed by the 
water-gas-shift reaction: 

I 
CO + H,O t CO, + H,. L 

If the primary alcohol formed CO through the reverse carbonylation reaction, 

RCH=CH, + CO + H, t RCH,CH,OH. 

and this CO then underwent the water-gas-shift reaction, the CO, would have the same 
radioactivity/mole as the CO. However, when l-'4C-i-pentanol was added to the 
synthesis gas the radioactivity/mole of the CO, was much greater than that of the CO 
(Figure 2). This means that the C02 could not have been formed by decarbonylation 
followed by the water-gas-shift reaction. In order to ensure that the results with I;,C-l- 
pentanol were reliable, 2-14C-1 -hexanol was synthesized and added to the synthesis gas 
under reaction conditions that were identical to those utilized with l-'4C-l-pentanol. As 
can be seen from the data in Figure 2, the radioactivity of both CO and CO, are below 
the detection limit while that of pentane is high compared to that of 1-pentene. The 
radioactivitieslmole of the C, and C, hydrocarbons are below the detection limit. The 
results in Figure 2 clearly show that the added alcohol has undergone conversion to 
produce CO, that is derived from the carbonyl carbon and that the alkyl group remaining 
has been converted directly to the alkane rather than to the I-alkene which is then 
hydrogenated to the alkane. 

The data in Figure 2 are consistent with a mechanism in which the adsorbed alcohol 
reacts with a surface oxygen; thus, it appears that the reaction can be adequately 
described by the following mechanism: 

I 

C5H,,CH@H - lo' 

Additional data to support the above mechanism has now been obtained by adding 
14C0, to the synthesis gas. If the FTS chains are initiated by species derived only from 
CO then the hydrocarbon products produced from the experiment with 14C0, could not 
have a radioactivitylmole that was greater than that of CO. The 14C02 was added so that 
it contained only 0.3% of the carbon that was added; thus, the composition of the gases 
in the CSTR was not altered significantly by the added 14C0,. The radioactivity/mole of 
the CO, CO,, CH,, and C,H, are given in Table 1. 

If the methane had been formed only from CO then the radioactivitylmole of methane and 
ethane could not have exceeded that of the CO since the experiment was conducted in 
a CSTR where all of the catalyst particles are exposed to the same gas composition. The 
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methane has an activity that approaches that of the added CO,, rather than that of the 
co. This requires the formation of methane to be initiated from CO,. The activity of 
ethane is also close to that of the CO, showing that it is the FTS that is initiated to a large 
extent by an intermediate derived from CO,, and not just the formation of methane. 

Data for the C,-C, hydrocarbons formed during the addition of 14C0, are presented in 
figure 3. The CPMlmole for the CO and CO, in the exit gas are shown by the solid 
triangles labeled by CO and CO,, respectively. It is apparent that the CO, has a much 
higher radioactivty than does the CO. The broken line passing through the radioactivity 
for the CO represents the increase in radioactivity with carbon number of the 
hydrocarbon products if they were formed only from CO. In this case each hydrocarbon, 
c,, would contain the radioactivity of n carbons derived from the CO. It is clear that the 
radioactivity of each of the products is much higher than could result from synthesis 
Using CO only. The radioactivity of the hydrocarbon products are shown in open circles, 
resulting from analysis using the gas analyzer, and open squares, resulting from analysis 
using a Porpack column that permits the analysis of hydrocarbons of higher carbon 
numbers. For the moment, we concentrate on the radioactivities of the C,-C, products. 
The solid line representing these data is parallel to the broken line passing through the 
radioactivity for CO. For the C&, hydrocarbons, the radioactiviy measured using the 
different g.c. instruments show good agreement. Futhermore, the line defined by the C,- 
C, hydrocarbons extrapolates to a radioactivity of about 0.8 x 1 O3 CPM/mole. The slope 
of the solid line in figure 3 indicates that chain growth is primarily due to addition of 
carbon units derived from CO; the similar slopes of the solid and the broken lines are 
considered to require this conclusion. However, it appears that about 60% of the 
hydrocarbon chains that lead to C,-C, hydrocarbon products are derived from CO,. 
From the higher activity of the C, and C, hydrocarbons, it appears that even more than 
60% of these products are derived from CO, initiation. It therefore seems clear that the 
data in figure 3 require the species that is responsible for the chain initiation be different 
from the species that is responsible for chain propogation. Futhermore, the species 
responsible for chain initiation is derived from both CO, and CG but the species that is 
responsible for chain propagation is derived from CO. Thus, it is concluded that the 
species that is responsible for chain initiation retains some oxygen, and in this respect 
is similar to the postulates of Emmett and coworkers. 

CONCLUSION 

It appears that the FTS mechanism with an iron based catalyst involves an oxygenate 
species that can be derived from both CO and CO,. The data generated from the above 
studies involving the addition of CO, or alcohol are consistent with a reaction mechanism 
that involves reactions as shown above for the alcohol. Thus, the intermediate that is 
involved in the water-gas-shift reaction is postulated to be an initiator for chain growth for 
the FTS reaction. 
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Table 1. Radioactivity/mole of Effluent Gas Products 

Radioactivity, 
CountslMinJMole C o m o 0 u n d 

co 0.12 x 10-3 

1.12 x 10-3 
co2 
CH, 
C2H6 

1.31 x 10' 

1.28 x lo4 

2 0 .  

16 

I 

Figure 1. The "C activity in the alkane products formed when I-pentanol (0) or 2- 
pentene (w) was added to the syngas feed to a C-73 catalyst (CSTR, 262OC. 8 atm). 

/ 
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! 
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Figure 2. Products (gas phase) from the conversion of a syngas containing either 2-14C- 
l-hexanol(+, 0) or I -'4C-l-pentanol (0) with a C-73 catalyst at 262OC and 8 atm (total) 
in a CSTR. 
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Figure 3. The 14C activity in the alkane products formed when 14C0, is added to the 
synthesis gas fed to the UCI prolo-type iron catalyst (CSTR, 27OoC, 8 atm). 
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ABSTRACT 
A series of cobalt-based F-T catalysts supported on alumina and silica were prepared with 
different loadings of Zr and different sequence of impregnation of Co and Zr. All catalysts 
were extensively characterized by different methods. The catalysts were evaluated in terms 
of their activity ar.d selectivity both in fixed bed and slurry bubble column reactors. Addition 
of ZrO, to both &/SO, and Co/Al,O, catalysts resulted in at least a twofold increase in 
the catalyst activity for F-T synthesis in the fixed bed reactor. In the slurry bubble column 
reactor, a similar promotion effect was observed for the SO,-supported catalysts, while the 
addition of Zr to a cobalt/alumina catalyst had a less significant effect. 

INTRODUCTION 
Cobalt has been one of the most commonly used metals for Fischer-Tropsch catalysts since 
the 1930's because of its high activity (1). It has received a lot of attention recently (2-8) 
due to its usefulness in converting CO to liquid hydrocarbons. While many promoteis for 
Fischer-Tropsch (F-T) synthesis, such as the alkali series, have been extensively studied, 
others such as Zr have not. A number of studies of F-T synthesis over ZrO,-supported Co 

as the support for these different active metals has been found to increase the higher 
hydrocarbon selectivity. Recently, a number of patents by Shell (11-13) have involved Zr 
promotion of Co/SiO,. Addition of up to 15 wt% ZrO, promotor was found to increase the 
overall activity of the Co catalyst without affecting the selectivity for higher hydrocarbons. 

A series of cobalt-based F-T catalysts supported on alumina and silica were prepared with 
different loadings of Zr and different sequence of impregnation of Co and Zr in order to 
investigate the role of ZrO, on affecting the F-T reaction in both fiied bed and slurry 
bubble column reactors. 

EXPERIMENTAL 
All catalysts compared in this study consisted of 20 wt% cobalt and different amounts of 
zirconia (up to 15 wt% Zr), the support being alumina (Vista B) or silica (Davison 952). 
The supports, calcined at 500°C for 10 hours prior to catalyst preparation, were loaded with 
Co and/or Zr by either a single or 2-step impregnation method. Aqueous solutions of 
cobalt nitrate and/or zirconium nitrate were used to prepare all the catalysts except in the 
case of S[Co/8.5Zr(0)]/SiO2 where a solution of zirconium tetra-n-propoxide in a mixture 
of n-propanol, toluene, and acetyl acetone was used to impregnate the Zr in the initial 
impregnation step. In the case of single step impregnations, the SO,-supported catalysts 
were prepared by kneading (11-13) the aqueous metal precursor solution-support mixture 
for 3.5 hours. For the sequentially impregnated SO,-supported catalysts, kneading was 
used in the initial step for the addition of Co, followed by use of the incipient wetness 
method for the impregnation of Zr (11-13). For the other sequentially impregnated SO,- 
catalysts and all the alumina-supported catalysts, the incipient wetness method was used in 
both steps. After the first impregnation step, the catalyst was dried in an oven for 5 hours 
at 115°C with occasional stirring. Then, it was calcined in air by raising its temperature to 
300°C with a heating rate of l0C/min and holding for 2 hours. Also, after the second step 
of impregnation (if used) the catalyst was dried and calcined identically as in the first step. 
The catalysts are listed in Table 1 with the corresponding preparation methods. 
Prior to H, chemisorption or reaction, the catalysts were reduced in H, a t  250°C for the 
SiOz-supported catalysts and 350°C for the Al,O,-supported catalysts, for 10 hours following 
a 1°C/min ramp. They have all been extensively characterized by different methods, 
including elemental analysis, BET physisorption, particle size distribution, X-ray diffraction, 
hydrogen chemisorption, temperature programmed reduction. Table 2 summarizes the 
relevant characterization data. 

The catalysts were evaluated in terms of their activity and selectivity both in a fixed bed 
reactor and in a slurry bubble column reactor. Typically, 0.15 to 0.35 g of prereduced 
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(1,9), Ni (9) Ni/Co (9), and Pd (10) have been reported in the literature. The use of ZrOz 1 
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catalyst were chaiged into the fixed bed reactor tube and rereduced overnight at 300°C. 
The reaction was carried out at 2200C, 1 atm, HJCO ratio of 2.0, and a total flow rate of 
90 cm3/min. No inert diluent was used. Sample analyses were taken after approximately 
2,5,9, and 24 hours on-stream. In some cases the temperature was varied between 210 and 
240°C in order to calculate an Arrhenius activation energy. Product analysis for C1 to a0 
hydrocarbons was performed hy on-line gas chromatography. CO conversion rates were 
calculated based on the GC analysis of the products. Anderson-Schultz-Flory (A-S-F) 
distributions were plotted and the chain growth probability, a, calculated using the C4 to c16 
data. 

z For the slurry bubble column tests, the catalyst was first reduced a-situ in a fluidized bed 
assembly and then transferred into a glove box for weighing and subsequent transfer into 
the slurry bubble column reactor. Approximately 15 g of catalyst and 200 g of liquid 
medium were used in a run. Typically, the reaction was carried out at 240"C, a total 
pressure of 450 psi, HJCO ratio of 2, and 60% N, diluent: Analysis of the gas products, 
CO, CO, and C1 to C5, was performed hourly. Liquid products were collected at the end 
of each 24 hour period, blended, and submitted for analysis. A-S-F plots of the liquid 
products were used to determine a. After reaching steady-state under these conditions, 

conditions. A typical complete run lasted about 10 days. Only the base Co catalysts (non- 
promoted Co/SiO, and Co/AI,O,) and the most active catalysts in the fiied bed reactor 
were tested in the slurry bubble column reactor. 

i 

I 
, temperature, pressure, and H,/CO ratio were varied in turn to study the effect of process 

RESULTS AND DISCUSSION 
From XRD measurements, it was found that the average diameter of the Co oxide 
crystallites for all catalysts varied within a narrow range (a. 20-30 nm), regardless of the 
amount of Zr present or the support used. In addition, the XRD results suggest that Zr was 
highly dispersed on Co/SiO, since no Zr compound phases were detected. 

The TPR results show little difference in the degree of reduction for all the catalysts with 
the exception of CI[0.7Zr + Co]/SiO, and S[Co/8.5Zr]/Al,03 which exhibited the lowest and 
the highest reducibility, respectively. The AZO,-supported catalysts had in general higher 
reducibilities than their silica-supported analogs. It was also found that all the catalysts used 
in this study were reduced to the maximum degree (defined as % Co reduced during TPR 
to 900°C) during the standard reduction procedure at 250°C. 

The sequentially-impregnated Zr/Co on SiO, catalysts showed an increase in the amount 
of total hydrogen chemisorbed compared to that for [Co]/SiO,. On the other hand, for the 
sequentially-impregnated Co/Zr on SiO, catalysts, the Zr addition did not influence 
significantly the amount of H,-chemisorption. The co-impregnated catalyst 
(CI[8SZr+Co]/SiO2 had almost twice as much H, uptake as either CI[0.7Zr+Co]/Si02 or 
[Co]/SiO,. The opposite effect was observed with the Al,O,-supported catalysts. The 
sequentially-impregnated Co/Zr on A,O, catalyst and the co-impregnated catalyst with low 
Zr loading (CI[1.4Zr +Co]/A,O, had the highest H, uptakes. 

Table 3 shows selected data obtained from fued bed reaction which indicate the effect of 
ZrO, promotion on F-T activity and selectivity. While the alumina-supported Co catalysts 
were found to be in general more active than their silica-supported analogs, Zr promotion 
of both Co/SiO, and Co/A,03 increased significantly the overall rate of F-T synthesis, 
compared to the non-promoted catalysts. In addition, the promoting effect of ZrO, was 
more significant on the alumina-supported catalysts, especially the sequentially impregnated 
catalyst S[Co/8.5Zr]/Al,03 The method of preparation and the amount of promoter used 
also affected the catalyst activity and selectivity. The sequentially impregnated [Co/Zr] 
catalysts appeared to be the most active. Addition of Zr beyond 8.5 wt% for the Si0,- 
supported catalysts did not seem to have any beneficial effect. The catalysts with the highest 
Zr loadings (wt% Zr>1.4) had the highest values of CI compared to the non-promoted 
catalysts, even though the CH, selectivity was also slightly higher in several cases. On the 
other hand, small amounts of Zr promotion (wt% Zr=0.7 or 1.4) appeared to have a slightly 
negative effect on the values of a. 

Table 4 shows selected data obtained at 240°C, 450 psi, and H,/CO ratio of 2, in the s l u q  
bubble column reactor for catalysts consisting of Co supported on silica and alumina, 
respectively. As in the case of the fiied bed testing, the ZrO, promoter was found to 
influence the overall activity of both the silica- and alumina-supported catalysts. However, 
while the alumina-supported CO catalysts were also found to be in general more active than 
their silica-supported analogs, the promoting effect of ZrO, was not as significant on the 
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alumina-supported catalysts. Diffusion limitations in the liquid medium in the slurry bubble 
column reactor may be invoked to explain the discrepancies in the results obtained in the 
two reaction systems. The overall rate observed for the catalyst S[Co/8.SZr]/Al,03 was 
high, but most probably diffusion limited. 

In summary, ZrO, appears to be an excellent rate promoter for Si0,- and Al,03-supported 
Co catalysts. Addition of Zr in both catalysts, probably hinders the formation of Co 
aluminates and Co silicates, either during the preparation and pretreatment or during the 
F-T synthesis reaction itself. In addition, high levels of promotion act to increase the 
selectivity for higher hydrocarbons. 
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[Co]/SiO, 

S[0.7Zr/Co]/SiOz 

L e t h o d  Solution I Method' I Solution 11 

Inc. Wet. aqueous(Zr) 

Kneading aqueous(C0) N/A 

Kneading aqueous(C0) 

S[Co/8.5Zr]/Si02 

S[Co/15.OZr]/SiO2 

11 S[1.4Zr/Co]/SiO2 I Kneading I aqueous(C0) 1 Inc. Wet. I aqueous(Zr) 11 

Inc. Wet. aqueous(Zr) Inc. Wet. aqueous(Co) 

Inc. Wet. aqueous(2r) Inc. wet. aqueous(Co) 

S[SSZr/Co]/SiO, Kneading aqueous(&) Inc. Wet. aqueous(Zr) 

S[Co/4.0Zr]/SiO2 Inc. Wet. aqueous(Zr) Inc. Wet. aqueous(C0) 

[cOl/%03 

CI[1.4Zr+Co]/Al,03 N/A I Inc. Wet. aqueous(C0) N/A 

Inc. Wet. aqueous(&+Zr) N/A N/A 

11 CI[O.7Zr+Co]/SiO, I Kneading I aqueous(Co+Zr) I N/A I N/A 11 

, 
' CI[8.5Zr+ Co]/Al,03 

S[8.5Zr/Co]/Al2O, 

S[Co/8.5Zr]/Alz0, 

Inc. Wet. aqueous(Co+ Zr) N/A N/A 

Inc. Wet. aqueous(C0) Inc. Wet. aqueous(Zr) 

Inc. Wet. aqueous(Zr) Inc. Wet. aqueous(C0) 

S[SSZr/Co]/SiO, 

S[Co/8.5Zr(O)]/SiO2 

S[Co/8.5Zr]/SiO2 

Table 2 Catalyst Characterization Results 

Catalyst 

Total (pmol 
Dispersion (25-900°C) d, (MI) 

[Co]/SiO, 

S[0.7Zr/Co]/SiO2 14 1 8.3 

122 7.2 81 29 

87 5.1 75 31 

93 5.5 75 27 

11 S[1.4Zr/Co]/Si02 I 149 I 8.8 I 81 I 2711 

CI[0.7Zr + Co]/SiOz 

[c01/%03 

CI[8.5Zr + Co]/SiO, 

CI[1.4Zr +Co]/AI,O, 

67 4.0 64 20 

125 7.3 77 24 

48 2.8 85 20 

71 4.2 82 19 

S[8.5Zr/Co]/Al2O3 

S[Co/8.5Zr]/Al,03 

43 2.5 79 24 

114 6.7 96 22 



Table 3: Fixed Bed Reaction Results 

L 

i 

1 

I 

S[Co/8.52r(O)]/SiO2 

S[Co/8SZr]/SiO, 

S[Co/15.OZr]/SiO, 

0.69 

CI[0.7Zr t Co]/SiO, 3.6 0.114 28.0 

CI[8.5Zr + Co]/SiO, 4.6 0.147 22.0 

25.5 1.21 8.6 0.84 

26.6 1.24 10.7 0.82 

20.9 , 0.93 6.7 0.83 - 

[ cOl /~z03  0.077 

CI[8.5Zr + Co]/Al,O, 0.183 

S[8.5Zr/Co]/Al,03 

S[Co/8.5Zr]/Al,03 5.0 0.275 24.0 0.67 

P = 1 atm, T = 220"C, H,/CO = 2, Catalyst Weight = 0.15-0.35 g, Total Flow Rate = ca. 
90 cm3/min, Time-on-stream = ca. 25 hrs 

Table 4: Slurry Bubble Column Reaction Results 

catalyst ACTIVITY SELECTIVITY 
% co Rate I Conversion 1 (g CH,/g cat/hr) 1 (wt%) 

11 Cl[O.7Zr+Co]/SiO, I 23.2 I 1.08 I 9.4 I 0.82-11 

CI[8.5Zr+ Co]/SiO, 

CI[1.4Zr +Coj/Al,O, 30.9 

S[Co/8.5Zr]/Al,03 27.5 1.54 10.4 0.84 

Catalyst weight: 13-17& T = 240"C, P = 450 psi, H,/CO ratio = 2, Total flow rate = ca.15 
L/min, or 3 cm/sec linear velocity, Diluent: N,: ca. 60%. 
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ABSTRACT 
The rate limiting step in the Fischer-Tropsch (F-T) slurry process was assessed using a simple 
computer model. This model, unlike others, takes into account the water gas shift (WGS) 
reaction in the calculation of the importance of the gas-liquid mass transfer and makes use of 
the "Singular Kinetic Path" concept proposed by Espinoza in 1993. The predictions from the 
model showed that for the available catalysts the Fischer-Tropsch synthesis could be considered 
a kinetically-controlled process. CO has mass transfer coefficients lower than H2, is consumed 
by both F-T and WGS reactions, and is likely to be the limiting reactant in the process. The 
reactor performance could be improved by increasing the catalyst activity and operating in the 
mass-controlled regime. Also, an increase of the catalyst concentration up to a maximum of 
37 - 40 wt.% could improve the reactor performance, although the reactor would be operating 
in a mass transfer-controlled regime due to the relatively high catalyst concentration. 

INTRODUCTION 
Numerous studies were dedicated to the improvement of the catalyst activity using reaction 
temperature for Fischer-Tropsch (F-T) synthesis and currently, a number of catalysts with high 
activity and better selectivity are available [S - 71. Several studies [12, 131 also pointed out that 
the kinetics of the reaction and the gas-liquid mass transfer were the only significant resistances 
in the slurry phase F-T process. These studies, however, failed to define whether such a 
process is kinetically- or mass transfer-controlled. In addition, these studies only focused on 
hydrogen and considered the F-T reaction expression without taking into account the Water 
Gas Shift (WGS) reaction. As a matter of fact, carbon monoxide is consumed by both F-T and 
WGS reactions and subsequently it could become a limiting reactant in the overall process. 

Recently, a considerable attention has been given to the F-T synthesis in a slurry phase and 
several contributions covering the hydrodynamics, modeling, bubble size distribution and heat 
transfer have been published [I - 41. A detailed review on modeling of the F-T synthesis was 
carried out by Saxena et al. [6] and other models including complex ones such as that used in 
the scaleup of the Sasol I Slurry Bed Process (SSBP) [7] have been used. Most of these 
computer models were based on second order differential equations for both the gas and liquid 
phases as shown in Equation (1) for the gas phase and some include a solid mass balance to 
account for the catalyst concentration profiles which become an important variable when using 
low gas velocities. 

Other models such as that by Deckwer et al. [SI includes a heat balance in order to consider 
the temperature difference in the slurry reactor. These complex computer models include a 
large number of parameters concerning the hydrodynamics, kinetics, and mass as well as heat 
transfer. These parameters, however, are seldom available under the operating conditipns of the 
F-T synthesis and the only resort is to estimate them using other literature data available for 
aidwater systems, liquid hydrocarbons [8] or wax [3]. Unfortunately, the majority of these 
available data were obtained under atmospheric conditions which raises a serious doubt about 
their applicability under actual process conditions [9]. In addition, most of these data were 
obtained for gas-liquid systems without the presence of catalyst particles which alter the slurry 
density and viscosity as well as gas bubbles coalescence tendency. A thorough review 
concerning the effect of solid particles on mass transfer has been recently published by 
Beenakers and van Swaaij [IO]. Other factors such as column intemals are usually overseen 
despite the fact that their importance on the hydrodynamic behavior of the sluny reactor was 
reported to be significant [ I  11. Thus, using these complex computer models in order to predict 
the reactor performance as well as the rate limiting step in the F-T slurry process could be 
cumbersome, expensive, and the predictions are strongly dependent on the accuracy of the 
literature data used in these models. 

This paper presents a novel approach to assess the rate-limiting step in the slurry phase F-T 
process. A simple computer model which takes into account the WGS reaction and uses the 
"singular Kinetic Path" concept proposed by Espinoza in 1993 is presented. 
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Development of the simple model 
The two assumptions used in this model were: (1) the gas'phase is a plug flow; and (2) the 
liquid phase is a series of CSTRs. Several simplifications were also made in: ( I )  phase mixing: 
(2) kinetics equation; and (3) calculation of mass transfer coefficients. 
(1) Phase mixing: 
The mixing in the liquid phase was simulated by a number of CSTRs arranged in series based 
on the studies of the "La Porte Pilot Plant" [14]. This eliminated k n e e d  for the second order 
differential term in the mass balance equations for the liquid phase. Also, the dispersion or 
backmixing in the liquid phase was expressed in terms of a series of CSTRs [I51 as given in 
Equation (2). 

(2) Kinetic equation: 
The use of various catalysts with different respective kinetic equations was overcame using the 
"Singular Kinetic Path" concept developed by Espinoza at Sasol [16]. His concept suggested 
that a single kinetic equation can be employed for any catalyst as long as the behavior of this 
catalyst resembles the shape of the F-T synthesis kinetic path when using iron catalyst. In the 
present model, the Anderson-Dry's equation given below (Equation (3)) was employed where 
the constant 3.5 was taken from Espinoza's work [16]. The Water Gas shift reaction rate was 
obtain by simplifying the one proposed by several authors [23,24]. 

(3) 

(4) 

(3) Mass transfer parameters: 
The correlation proposed by Akita and Yoshida [17] for aqueous systems is often used for 
predicting mass transfer coefficients in the F-T synthesis. In the present model, the correlation 
by Godbole et al. [8] for predicting mass transfer coefficients for oxygen in light hydrocarbon 
mixtures in a bubble column operating at a superficial gas velocity up to 0.2 m/s was used. 
This correlation is given by Equation (5). 

. 

kko2.a= 0.31 U,"" (5) 

The prediction .of the mass transfer coefficients for hydrogen and carbon monoxide was carried 
out using the ratio of the diffusivities to the power (213) as in the Calderbank and Moo 
Young's correlation [18]. The presence of solids was also accounted for using the data 
presented in Figure 2 in the review by Beenakers and van Swaaij [lo]. 

Determination of the rate limiting step using sensitivity analysis 
Equation (6) was used to calculate the relative importance of the gas-liquid mass transfer 
resistance (a). This equation is similar to that presented by Deckwer et al. [5, 
121, however, since the water gas shift activity of the catalyst is significant: 
it was incorporated in the equation through U) (CJ [19]. 

1 - 
kLa a =  

1 1 -+- 
kLa K.@(Ci).eL 

RESULTS AND DISCUSSION 
Several scenarios including the Sasol I Slurry Bed Process (SSBP) were considered using the 
present simple model. Although the model did not considered the effect of pressure or 
temperature on mass transfer, the predictions from the model were comparable with those 
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predicted with a much more complex model used by Sa01 [7]. To illustrate here the procedure, 
the operating conditions listed in Table 1 reported by Fox and Degen [19] were used. Different 
catalyst activities were also considered based on the work by Srivastava et al. [20]. 

The effects of the catalyst activity and concentration on the relative importance of gas-liquid 
mass transfer (a), relative liquid concentration (C,/C',,J, and (CO + H,) conversion were 
studied. 

Figure 1 shows the effect of the catalyst activity on (a) and as can be seen hydrogen appears 
to differently behave than carbon monoxide, since the resistance to hydrogen reaches only 20% 
of the total resistance whereas that of carbon monoxide becomes significantly large. This 
difference can also be observed in the corresponding liquid concentrations. The sudden drop 
of the CO concentration with increasing catalyst activity could be attributed to the water gas 
shift reaction which also increases the HJCO ratio in the liquid phase. Based on this behavior, 
one can conclude that the reactor performance can be improved by enhancing the catalyst 
activity although the reactor can be operating in a mass transfer-controlled regime. It should 
be mentioned, however, that the improvement of the reactor performance from 0.41 to 0.44 
kg(HC)/kg(Fe)ihr would require an increase of about 60% in the intrinsic catalyst activity. 

The effects of catalyst concentration on (a) as well as the (CO + HJ conversion is illustrated 
in Figure 3 and as can be noticed the hydrogen and carbon monoxide resistances appear to 
increase with increasing catalyst concentration. Also, the increase of catalyst concentration 
almost produces a proportional improvement of (CO + H,) conversion, particularly, at low 
levels. The effect of high solid loading on the mass transfer rate, however, drove the process 
into a mass transfer-controlled regime and subsequently, the (CO + H,) conversion appeared 
to decrease. The maximum conversion could be achieved with a catalyst concentration between 
35 and 40 wt%. Thus, the other approach to increase the reactor performance is by increasing 
the catalyst concentration and subsequently the catalyst becomes slightly under utilized and the 
mass transfer becomes the controlling rate. Nevertheless, one drawback of this approach is that 
at high catalyst concentrations, the separation of the catalyst from the wax becomes a critical 
step in the synthesis process. According to our knowledge, only two companies have 
successfully solved this separation step: Sasol and Exxon with their iron and cobalt catalysts, 
respectively. 

CONCLUDING REMARKS 
Based on the operating conditions and catalysts used in the simple model developed in this 
study, the following concluding remarks can be made: 
1. The slurry phase Fischer-Tropsch synthesis with the present catalysts can be considered 

a kinetically-controlled process and it would require a substantial improvement of the 
catalyst intrinsic activity in order to change this situation. 
The slurry reactor performance for F-T synthesis can be improved by increasing the 
catalyst activity and/or catalyst concentration, although, the increase of catalyst 
concentration up to 40 wt%, will drive the process into a mass transfer controlled- 
regime. 
Since CO has a lower mass transfer coefficients than those 'of H, [22] and is consumed 
by Fischer-Tropsch and water gas shift reactions, it is likely to be the limiting reactant. 
The mass transfer coefficients for H, and CO were predicted in this study and therefore 
they should be measured under the actual Fischer-Tropsch operating conditions in the 
presence of typical catalyst concentrations. Experimental data are also needed in the 
presence of high catalyst loading. 

0 

2. 

3. 

4. 

. 

Nomenclature 
A 
B 
a 
C concentration, h 0 h 3  
C* Concentration at saturation, km0i/m3 
D Dispersion coefficient, m2/s 
E Apparent activation energy, J/mol 
K Overall kinetic constant, s-l 

1L, 
k mass transfer coefficient, m / s  
m solubility 
n number of CSTRs in series ' 

Pe Peclet number, u, L/E, D, 
P Partial pressure, bar 
R Gas constant. J/mol.K 

Fischer Tropsch intrinsic catalyst activity, kmol of C to HCkg.Fe.bar.s 
Water Gas Shift intrinsic catalyst activity, kmol of C to HC/kg.Fe.bar.s 
gas-liquid interfacial area relative to the expanded fluid volume, m-' 

Water gas shift equilibrium constant, k, = exp (4577.8/T-4.33) 
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u velocity, m / s  
V, Fluidized bed volume m3 
w catalyst concentration (kg/m') 
z axial position, m 
Subscript 
i component i 

L liquid phase 
Greek svmbols 
E holdup 
a 
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TABLE 1 
Fischer TroDsch slurrv bed design basis: From Fox and Deeen 1191 
Diameter 4.8 m 
Length 12.0 m 
Cross Sectional Area 15.2 m2 
Reactor Volume 211 rn3 
Temperature 251 "C 
Pressure 28.3 atm 
SIUITY Concentration 35.0 wt.% 
Gas Velocity 0.14 m/s 
Catalyst Performance 0.41 KgKg.hr 

I 
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Figure 1: Effect of catalyst activity on the relative mass transfer resistance (a). 

Figure 2: Effect of catalyst activity on the reactants liquid concentration, 

Figure 3. EUect of catalyst concentraliori on 10.1-1:O conversion and on llie relative Inass 
transfer resistance (a). 191 
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INTRODUCTION 
During t h e  l as t  decade, t h e  average composition of  gaso l ine  

underwent dramatic changes t o  make up f o r  t h e  gradual removal of 
lead compounds, and t o  meet a s t rong  market demand f o r  premium high 
octane gasol ine .  From 1980  t o  1988, t h e  average aromatic conten t  i n  
gaso l ine  increased  from 22 t o  32% and consequently t h e  average 
octane number increased  from 83 t o  88.4 [1 ,2] .  Modest i nc reases  i n  
o l e f i n  and l i g h t  p a r a f f i n  (butane) conten ts  a l s o  took p lace .  The 
same tendency w a s  observed i n  Western Europe [3] .  

A t  p resent ,  most of t h e  compounds whose concent ra t ions  have 
increased  a r e  considered t o  be d i r e c t l y  or i n d i r e c t l y  as a t h r e a t  
t o  t h e  environment and/or human hea l th  [2 ,4] .  The challenge is t o  
br ing  down aromatics,  o l e f i n s  and l i g h t  hydrocarbons i n  gaso l ine  t o  
more acceptab le  l e v e l s  without adverse e f f e c t s  on t h e  gaso l ine  
performance [4 ] .  The most common approach t o  address t h i s  problem 
is  t h e  add i t ion  of oxygenated compounds such as MTBE, TAME o r  
e thanol  i n t o  gaso l ine .  Another approach is t o  increase  t h e  concen- 
t r a t i o n  of branched hydrocarbons i n  gaso l ine .  Indeed, such 
hydrocarbons have h igh  oc tane  numbers and no major environmental 
drawbacks. However, according t o  Unzelman [SI ,  wi th in  t h e  l i m i t s  of 
e x i s t i n g  technologies,  i s o p a r a f f i n s  cannot be made v i a  isomeriza- 
t i o n  and a lky la t ion  i n  s u f f i c i e n t  amounts t o  rep lace  aromatics 
below 30%. The ob jec t ive  of t h e  present  work i s  t o  synthes ize  
branched hydrocarbons from carbon sources  o the r  than  petroleum. The 
most obvious choice is syn thes i s  gas  (CO/H2) .  

The approach we have taken i s  t o  use a hybrid c a t a l y s t  
comprised of a Fischer-Tropsch syn thes i s  (FTS) c a t a l y s t  and a 
hydroisomerization a c i d  c a t a l y s t .  The purpose i s  t h a t  t h e  mainly 
l i n e a r  hydrocarbons generated on t h e  FTS c a t a l y s t  would isomerize 
on t h e  a c i d .  c a t a l y s t -  before  leav ing  t h e  r eac to r .  Sol id  superac id  
c a t a l y s t s  such as s u l f a t e d  z i rconia  ( S042-/Zr02). exh ib i t  exce l l en t  
hydroisomerization p r o p e r t i e s  with t h e  formation of s i g n i f i c a n t  
amounts of branched hydrocarbons [6].  Therefore,  w e  chose t o  
combine Ru loaded on Y z e o l i t e  as t h e  FTS c a t a l y s t  and S042-/Zr0, ,> 
as t h e  i somer iza t ion  c a t a l y s t .  In  a previous paper [ 71, w e  repor ted  
d a t a  obtained using t h e  hydrogen bracke t ing  technique a t  atmosphe- 
r i c  pressure .  I n  t h e  present  communication, w e  dea l  with r eac t ion  
s t u d i e s  i n  a continuous flow reac to r  a t  e leva ted  pressures  (mostly 
a t  10 a t m ) .  

EXPERIMENTAL 
S042-/Zr02 and Pt/S042-/Zro2 c a t a l y s t s  w e r e  prepared a s  

descr ibed  e a r l i e r  [7 ] .  Surface area and s u l f u r  content of t he  t w o  
c a t a l y s t s  were ca. 90 m2/g and 1.5 w t % .  P t  content i n  Pt/So42-/Zr0 
w a s  1 w t % .  The FTS c a t a l y s t  used i n  t h i s  work was 2 w t %  Ru loadea 
on KY z e o l i t e  prepared by i o n  exchange using Ru(NH3)&1 Procedures 
f o r  t h e  prepara t ion  of RuKY, t h e  decomposition of txe r u t h e o i z  
complex, and t h e  prereduct ion  of RuKY a r e  t h e  same as those  
descr ibed  i n  [7] f o r  RuNaY. The c a t a l y s t  t h u s  formed w a s  exchanged 
again wi th  a d i l u t e  s o l u t i o n  of K2C03 (0.006 M) t o  neu t r a l i ze  t h e  
protons formed dur ing  the  decomposition of t he  R u  complex, and 
e l imina te  t h e i r  poss ib le  con t r ibu t ion  t o  t h e  formation of branched 
hydrocarbons. This c a t a l y s t ,  designated as RuKY-K, w a s  then reduced 
a t  420 Oc i n  flowing H~ f o r  4 h. 

FTS reac t ion  w a s  c a r r i e d  out i n  a CDS-804 Micro-Pilot P l an t  
coupled with an on-line gas chromatograph (HP 5890 Se r i e s  11). The 
r eac to r  p a r t  was described i n  [ 71. Product ana lys i s  was c a r r i e d  ou t  
using flame i o n i z a t i o n  ( F I D )  and thermoconductivity (TCD)  de t ec to r s  
opera t ing  i n  a p a r a l l e l  mode. A c a p i l l a r y  column (PONA from HP, 50m 
X 0.2mm x 0 . 5 ~ )  and a s t a i n l e s s - s t e e l  column ( l / 8  in.  O.D. x 1 2  
f t .  long) packed with Porapak Q (8O/lOO mesh) were l inked  t o  F I D  
and TCD respec t ive ly ,  and used f o r  product separa t ion .  A l l  valves 
and t r a n s f e r  l i n e s  between t h e  r e a c t o r  and t h e  GC were heated t o  
prevent t h e  products from condensation. I n  a t y p i c a l  experiment, 
t h e  same amount (0.3 g,  un less  spec i f i ed  otherwise) of prereduced 
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RuKY-K and S042-/Zr02 o r  Pt/S042-/Zr02 were loaded i n  two sepa ra t e  
l aye r s  i n  t h e  r eac to r ,  with t h e  FTS c a t a l y s t  being upstream. They 
were f i r s t  reduced a t  300 OC f o r  1 h under a H2 flow of 40 ml/min 

/ and then cooled t o  reac t ion  temperature (250 OC) under flowing 
helium. The r eac to r  w a s  p ressur ized  t o  10 atm with H e ,  before 
switching t o  synthes is  gas (CO/H2 = 1:2, 20 ml/min). 

RESULTS AND DISCUSSION 
Under t h e  experimental condi t ions  used i n  t h e  present  work, 

t he  Superacid c a t a l y s t  d id  not con t r ibu te  t o  CO transformation. CO 
conversion w a s  due t o  RuKY-Y c a t a l y s t  only,  and w a s  kept below 10% 
t o  minimize t h e  e f f e c t s  of hea t  and mass t r a n s f e r .  The Composition 
Of t h e  C7 hydrocarbon f r a c t i o n  w a s  used t o  monitor t h e  e f f e c t  Of 

Hydrocarbon s e l e c t i v i t i e s  under steady state a re  shown i n  Fig. 
2. I t  i s  seen t h a t  t h e  presence of Pt/SOq2-/Zro downstream of RuKY- 
K has two e f f e c t s :  (i) it alters t h e  normal Sc$ulz-Flory d i s t r i b u -  
t i o n  by decreasing t h e  s e l e c t i v i t y  t o  Cg hydrocarbons and by 
increasing t h a t  t o  C , ' s ;  (ii) it s h i f t s  product d i s t r i b u t i o n  t o  
l i g h t e r  hydrocarbons ( i n  p a r t i c u l a r  C,). The f i r s t  e f f e c t  was found 
t o  be due t o  an oligomerization-cracking mechanism of  C3 o l e f i n  
i n t o  Cq hydrocarbons [ 71. The second e f f e c t  impl ies  t h e  involvement 
of cracking or hydrogenolysis of primary FT products,  which w a s  not 
observed under atmospheric pressure  [7]. To inves t iga t e  the  e f f e c t  
of pressure on FTS product cracking or hydrogenolysis, two reac t ion  
experiments were performed a t  5 a t m ,  with and without Pt/Soq2-/zro2 
c a t a l y s t  respec t ive ly .  The r e s u l t s  are shown i n  Fig. 3. By 
comparing Fig.  2 and Fig. 3, it w a s  found t h a t  t h e  n e t  increase  i n  
s e l e c t i v i t y  t o  C, due t o  t h e  presence of P t /SO 2-/Zr02 i s  higher a t  
10 a t m  than a t  5 a t m ,  which suggests a favorable  hydrogenolysis a t  
a higher pressure.  

Table 1 dep ic t s  t h e  e f f e c t  of t h e  amount of Pt/SO 2-/Zr02 used 
i n  t h e  hybrid c a t a l y s t  bed on t h e  composition of C, dydrocarbons 

' 
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under s teady  s ta te .  The increase  i n  t h e  amount of t h e  acid 
component r e s u l t s  i n  a decrease  i n  o l e f i n  conten ts  and an increase 
i n  branched C, p a r a f f i n s .  In  addi t ion ,  t h e  u s e  of a l a r g e r  amount 
of Pt/S0,2-/Zro2 f a v o r s  t h e  formation of di-branched Cl p a r a f f i n s  
which have higher  oc tane  numbers than mono-branched p a r a f f i n s .  
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TABLE 1 
Effec t  of t h e  amount of Pt/S0,2-/Zr0, on  t h e  composition of C, 
hydrocarbons (RuKY-K = 0.3 g, P = 10 a t m )  

Amount of pt/so,2-/zro2 (g) o 0.3 0.6 0.9 

C,'% 66.0 9.7 0 0 

iC ,% 7 . 0  61.0 76.0 78.0 
mono-branched Cl 100 64.0 62.2 58.0 
di-branched Cl 0 36.0 37.8 42.0 

a 
b V 

0 
80 

a - . .  0 

C - 
0 10 20 30 40 60 

Time on stream (h) 

Fig. 1 The composition of c, hydrocarbons as  a func t ion  of t i m e  
on stream over  ( a )  RUKY-K, ( b )  RUKY-K + S O , ~ - / Z ~ O ~ ,  and 
( c )  RUKY-K + pt/so,2-/zro2. 
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F i g .  2 Hydrocarbon s e l e c t i v i t y  under stead s t a t e  a t  10 atm OveI 
(a)RuKY-K, and ( b )  RuKY-K + Pt/S04Y-/Zr02. 
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F i g .  3 Hydrocarbon s e l e c t i v i t y  under steady s t a t e  a t  5 atm over 
(a)RuKY-K, and (b) RuKY-K + Pt/S0,2-/Zr0,. 
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ABSTRACT 
CompoUnae with the hydrotalcite structure (“hydrotalcites”) have 
properties that make them attractive as precursors for Fischer- 
Tropsch catalysts. A series of single-phase hydrotalcites with 
cobalt/iron ratios ranging from 3/1 to 1/3 have been synthesized. 
Mixed cobalt/iron oxides have been prepared from these 
hydrotalcites by controlled t h e m 1  decomposition. Thermal 
decomposition typically results in either a single mixed metal 
oxide with a spinel structure or a mixture of oxides with the 
spinel structure. The BET surface area! of the spinel samples have 
been found to be as high as about 150 m /g. 

V I =  
Mixed metal oxides are important in many catalytic applications, 
both as catalysts and supports. The precursors used in the 
syntheses of mixed metal oxides are known to influence the physical 
and chemical characteristics of the resulting mixed metal oxides. 
Precursors caannonly used for the preparation of these oxides 
include mixed metal hydroxides and carbonates coprecipitated from 
basic solution. Materials with a hydrotalcite-like structure, 
connnonly referred to as hydrotalcites after one of the best known 
minerals of this structural group, have received much attention 
recently as precursors for catalytic applications. fsxamples 
include catalysts for methanol synthesis containing Cu, Zn, Cr, and 
Al (1,2,3) and catalysts for Fischer-Tropsch (FT) synthesis 
containing Co, Cu, Zn, and Cr(4). 

Hydrotalcites have a layered structure similar to clays. The 
structure consists of stacks of brucite-like metal hydroxide sheets 
in which substitution of trivalent metal cations for divalent 
metal cations within the sheets results in a net positive charge. 
The positive charge is balanced in the structure by hydrated anions 
between the sheets. A generalized formula for hydrotalcite-like 
compounds can be written as: 

where d’ and I$+ can be a variety of metals with appropriate ionic 
radii. The charge compensating anion is also variable with the 
ionic radius of the charge compensating anion being of only minor 
importance because the layer separation can adjust to accommodate 
size differences. Examples are: 

+ - Mg, Ni, Zn, Co, Fe, Cu, etc. 
AY- = co3, OH, SO,, c ~ o ~ ,  V ~ O O ~ ~ ,  etc. 

There are many naturally occurring minerals having this structure. 
These minerals typically have the ideal stoichiometry: 

Conpounds with the hydrotalcite structure have several 
characteristics that make them valuable as precursors for Fischer- 
Tropsch catalysts. Among these is the ability of the structure to 
accommodate a variety of potentially useful transition metals in a 
single lattice and the ability to control the synthesis conditions 
to yield a high surface area material upon decomposition to a 
spinel phase. Furthermore, Co- containing and Fe- containing spinel 
phases have shown good activity and selectivity for FT synthesis 
and, when judiciously prepared and pretreated, have the potential 
for the physical stability required of a slurry FT catalyst. 

The purpose of this research is to investigate the potential of 
hydrotalcites as precursors for the preparation of slurry Co/Pe 
Fischer-Tropsch catalysts. We report results from the initial 
phase of this work, the preparation of Co/Fe hydrotalcite santples 
and their t h e m 1  decomposition to spinel phases of intemediate- 
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to-high surface area. The emphasis of future publications will 
shift to modifications of the precipitation and decomposition 
Procedures described here, the development of suitable pretreatment 
Procedures, and catalytic tests of FT synthesis activity in a fixed 
bed micro-reactor and a slurry autoclave. 

- ~ I x E . N T A L  
The hydrotalcites in this study were prepared by a precipitation in 
base of the appropriate metal salts. The specific conditions used 
for the syntheses were varied to yield single-phase, well- 
crystallized hydrotalcites when possible. An aqueous solution Of 
metal salts was. prepared that contained the required ratio of 
metals for the target hydrotalcite, typically with a total metal 
concentration of about 0.5 M. The metal salt solution was added 
dropwise to an aqueous base which typically had an initial 
Concentration of about 1 M. Concentrations were varied for some 
experiments. Potassium bases were used in most experiments. 
Potassium is typically used to promote iron F-T catalysts and 
additional potassium will be impregnated in many of these spinel 
samples before their use as catalysts. Thus, trace amounts Of 
potassium retained in a hydrotalcite precursor are less likely to 
affect the behavior of the catalyst than are trace amounts of 
sodium from sodium bases. Additions were usually done at 25'C with 
magnetic stirring. The pH was monitored during the syntheses. 
USUally, at the end of the addition the temperature of the slurry 
was increased to about 6OoC. The slurry was aged, typically for 18 
hours, at elevated temperature to promote hydrotalcite formation. 
After the aging period the product was isolated by filtration, 
washed and dried at 5OoC. Hydrotalcites were thermally decomposed 
in air at various temperatures between 125 and 1000°C, usually for 
2.5 hours, to determine what mixed metal oxide(s) would be formed. 

The phases resulting from the hydrotalcite syntheses and the 
thermal decompositions were determined by means of x-ray 
diffraction (XRD).  Morphologies of these materials were studied 
with scanning electron microscopy (SEMI. Surface areas of the 
mixed oxides were measured by application of the BET method to Nz 
physisorption isotherms. The reduction characteristics of the 
mixed metal oxides were investigated by means of temperature 
programed reduction (TPR) with 10% H2 in argon, 10% CO in helium, 
or 5% H2 / 5% CO in argon. The TPR studies were done using an 
Altamira Instruments AMI-1 unit with an Ametek mass spectrometer 
for gas analysis. 

1 

I RESULTS AND DISCUSSION 
A stepwise strategy was used to develop the hydrotalcite syntheses. 
First, the hydrotalcite compositional range attainable for Co (11) 
with Fe (111) was determined. Then a method for the addition of Cu 
(11) to the crystal lattice was tested. Finally, the use of Fe 
(11) to increase the iron content of the hydrotalcite lattice was 
investigated. 

Cobalt (11) nitrate and iron (111) nitrate were used as starting 
materials for the first part of the synthesis study. Potassium 
bicarbonate solution at an initial concentration of 1.25 M was used 
as the base. Co (11) to Fe (111) atom ratios ranging from 4/1 to 
1/3 were attempted in this series of experiments. The results are 
shown in Table 1. With this method well-clystallized, single-phase 
hydrotalcites could be prepared with Co (11) to Fe (111) atom 
ratios from 3/1 to 1/1. At lower cobalt contents some poorly- 
crystallized iron (111) hydroxide was produced along with 
hydrotalcite and, at higher cobalt contents, some cobalt carbonate 
was produced. The starting pH for a synthesis was about 8 .  During 
the addition of metal salt solution, the pH typically dropped below 
7 and a pinkish-tan Slurry formed. As the slurry was aged and 
heated to 60°C. the pH rose to around 9 accompanied by a change in 
color to a darker reddish-brown, usually indicating formation of 
the hydrotalcite. 

Copper (11) addition to the hydrotalcite lattice was initially 
attempted by substituting copper (11) nitrate for part of the 
cobalt (11) nitrate still using the same synthesis method. (Copper 
is frequently added to precipitated iron catalysts to facilitate 
reduction.) The ratio used was 1 Cu (11) / 2 Co (11) / 2 Fe (111). 
The copper loading used was much higher than typical for Fischer- 
Tropsch promotion. This high copper concentration was used SO that 
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any undesired phases produced during the synthesis could be 
detected and identified by XRD.  The initial synthesis attempt 
resulted in primarily hydrotalcite with a trace of malachite, 
cu2co,(OH)2. Lowering the base concentration to 1.0 M avoided the 
malachite contamination resulting in single phase hydrotalcite. 
This result showed that Cu (11) could be introduced into the Co/Fe 
hydrotalcite lattice. 

A number of experiments were conducted in an attempt to increase 
the iron content of the hydrotalcite lattice.. Table 2 outlines 
several of the more successful experiments and the resulting 
compounds. In all experiments in this series metal chloride salts 
were used. Several of the syntheses were based on the work 
reported by Uzunova et al. (5). The I?' required for a stable 
hydrotalcite lattice was provided by the oxidation of some of the 
Fe (11) to Fe (111) through contact with atmospheric oxygen during 
the synthesis. The result of this set of experiments was the 
extension of the hydrotalcite cobalt to iron ratio to 1/3. Work is 
continuing to increase the iron content to higher levels. 

The thermal decomposition behavior of several Co/Fe hydrotalcites 
were examined. The most extensive studies of decomposition 
behavior was done for an intermediate composition hydrotalcite, an 
atom ratio of 2Co to lFe, which was decomposed in air at 
temperatures between 125 and 1000°C. The samples were heated 
quickly by placing them in a muffle furnace that was already at the 
desired decomposition temperature and holding them at temperature 
for 2 . 5  hours. The results are shown in Table 3 .  It was found 
that a spinel phase, referred to as spinel A, was the only 
crystalline compound present following decomposition at 
temperatures of 200 to 60OOC. Decomposition at 7OO0C produced a 
second spinel, spinel B ,  which was the dominant phase after 
decomposition at 800'C. Decomposition at 900°C yielded only spinel 
B, and decomposition above 1000°C began to decompose spinel B to 
cobalt oxides in addition. The syrface areas for these samples 
were found to drop from 153 to 18 m /g. This loss of surface area 
was probably due primarily to a loss of internal particle porosity 
because no evidence for sintering was apparent in SEM. 
Hydrotalcites with other Co to Fe ratios were found to show similar 
behavior. However, for some high iron hydrotalcites two spinels 
were always present after decomposition. It was also found that 
the rate of decomposition at a given temperature influenced the 
spinels formed. 

Preliminary TPR studies were done on a 2Co/lFe sample decomposed at 
600°C. In 10% CO/He, reduction proceeded rapidly above 300°C as 
reflected by the large mass spectrum peaks at m/z=28 and 44. The 
consumption of CO continued to the end-point of the temperature 
scan, 45OOC. Much of the CO consumption at higher temperatures is 
likely due to carbon deposition from the Boudouard reaction. In 
contrast, reduction in H2, the typical reductant for Co-rich 
samples, was less favorable. A TPR in 10% H2/Ar showed less 
reduction at 300°C. with reduction rates peaking at about 400°C. 
In both experiments, the samples were cooled to room temperature in 
inert gas flow after reaching the 450Y end point of the TPR. In 
both cases, the predominant solid phase detected by XRD was a cubic 
phase isostructural with a-Fe. In the case of the CO-reduced 
sample, a small amount of an additional unidentified phase was also 
present. 
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Table 1. Results of Co ( I I ) / F e  (111) hydrotalcite preparations 
using metal nitrates. 

Co (11) to Fe (111) R esultina Phasa 
4/1. HTC + trace CoCOj + trace unidentified 
3/1 HTC + trace Coco3 
2/1 HTC 
1/1 
1/2 
1/3 

HTC = hydrotalcite 

HTC ' 
HTC + minor F ~ ( oH)~ 
HTC + Fe(OH)p 

Table 2. Use of Pe (11) to increaee itOn content of 
hydrotalcite prepared using metal chlorides. 

Go LII Fe (11) Start DH Result 
1 3 KHCO3 8.0 HTC + trace Fe(OH)3 
1 3 KHCO3 + K2CO3 8 . 9  Goethite + Coco3 
1 2 KOH + KzCO3 12.8 HTC 
1 3 KOH + K2CO3 12.8 HTC 

HTC = hydrotalcite 

Table 3. Thermal decomposition of 2Co/lPe hydrotalcite. 

Temuerature 
50 
125 
200 
300 
400 
500 
600 
700 
800 
900 
1000 

HTC 
HTC + morph. 
Spinel A 
Spinel A 
Spinel A 
Spinel A 
Spinel A 
Spinel A + B 
Spinel A + B 
Spinel B 
Spinel B + COO + C q O d  

Surface area 

153 
95 
57 
29 
18 
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SEPARATION OF PISCHKR-TROPSCW CATALYST/WAX MIXTURES USING DmSE GAS 
~ c T I o N .  narc W. Eyeing, Paul C. Rohar,  Richard F. Hickey, and Curt M. 
White, U.S. Dept. of Energy, PFPC, P.O. Box 10940, Pittsburgh. PA 15236-0940 
and Michael S. miring, Kerr-McOee Corp., Kerr-Mffiee Technical Center, P . O .  
Box 75861, Oklahoma City, OK. 73125 

The separation of a Pischer-hopsch catalyst from wax products is an important 
issue when the synthesis is conducted in a slurry bubble column reactor. This paper 
describes a new technique based on dense gas extraction of the soluble hydrocarbon 
cmpononts from the insoluble catalyst particles using light hydrocarbons as propane, 
butane, and pentane as the solvent. The extractions were conducted in a continuous \ 
unit operated near the critical point of the extraction gas on a catalyst/wax mixture 
containing about 4.91 wt0 catalyst. The catalyst-free wax was collected in the second 
stage collector while the catalyst and some insoluble wax components were collected 
in the first stage collector. The yield of catalyst-free wax was about 60 wt2  of the 
t a d  mixture. The catalyst content of the catalystlwax mixture in the first stage was 
about 14.8 wte. The catalyst content in the second stage collector was less than 1 
p x t  in 100,000. i 
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DATA ANALYSIS PROCEDURES IN FISCHER-TROPSCH SYNTHESlS 

/ 

J 

&+ Charles 8. Benham 
Rentech, Inc. 

1331 17th Street, Suite 720 
Denver, CO 80202 

Keywords: Fischer-Tropsch, Schultz-Flory, Synthesis 

In performing tests on Fischer-Tropsch (F-T) catalysts, it is useful to he ahle to assess immediately 
the approximate activity and selectivity of the catalyst with a minimum of information. The 
procedure described in this paper requires only gas chromatographic data on the gases to and from 
the reactor. Further, the only gases which need he analyzed are hydrogen, carbon monoxide, 
methane and carbon dioxide. No flowrate data is needed. 
Consider the following reactions: 

F-T Reaction (Alkanes) 

Water Gas Shift Reaction 

Assume the following: 

(2n+ l)Hz + nCO + CJ-I,,, + nHzO 

HzO + CO -, Hz + CO, 

1) 

2) 
3) 
4) 

The F-T product carbon number distribution can be characterhi using a single 
chain-growth parameter; and 
The feed gas is comprised of only hydrogen, carbon monoxide and inert gases; and 
The hydrogen to carbon monoxide ratio in the feed gas, MI, is known. 
The relative amounts of hydrogen, carbon monoxide, methane, and carbon dioxide 
in the tail gas are known. 

From assumption 1, the number of moles of hydrocarbon having n carbon atoms can he expressed 
in the usual manner as: 

N. = d' N, 

Where N. and Nou denote the number of moles of hydrocarbons produced having n and 1 carbon 
atoms respectively. 

Let superscripts f and t denote feed and tail gases. 
above reactions, the following relationships are apparent: 

Therefore, from the stoichiometry of the 

W 

NH: = N,'- C (2n+l) N. + Nm' 
n= 1 

= - N m  + Nm' (1) 
(1 -a)? 

OD 

Nm' = Nm' - E nN. - Nm' 
n= 1 

= Nm'- 1 N, - NW' (2) 
( 1 -a)' 

Let e represent the overall carbon monoxide conversion: 

NW' = (1-e)Nm' (3) 

The subscript i represents any component. By dividing equations (1) and (2) by Nm', invoking 
equation (3), and letting the normalized composition he denoted by R s ,  (R, = N: + Nm9 the 
following equations are obtained: 

Rm = M. -&d %u + %m (4) 

1 = 1 - 1 r t l u - R ,  (5 )  

(I-€) ( 1 - a ) Z  

(I-€) (l-a)? 
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Let Z = l/(l-a). Then equations (4)'and (5) can be written as: 

Rw = M, - (2Z' + Z)& + Rcm (6) 
( 1 4  

Equations (6) and (7) can be solved simultaneously for e and 2: 

For M, = 2 , Z  = 
\J 

+ 2 - R, 
%u 

- IfMr- 2) ( l + L , )  + 3 L  + 2 - Rd 
2(Mr - 2) 

\ '  
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