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Introduction

EU, Japan and US have decided to lower sulfur in diesel to
the 10 — 15 ppm level in very near future. This means that that
refiners have to apply more and more severe hydroprocessing
(more reactor volume, higher pressure and temperature), i.e. have
to invest heavily in new hydrodesulfurization (HDS) capacity and
start desulfurizing streams that were not treated before. To do this
in the most efficient and economic way is a major challenge for
the refiners, catalyst and process designers.

Type 2 Active Sites

The last few hundred ppm sulfur leftover after “normal”
hydrotreating is present in much less reactive molecules: alkyl-
substituted dibenzothiophenes. These molecules not only react
slower but their reaction mechanism is also different, involving
first a hydrogenation of the aromatic part of the molecule
followed by a desulfurization step (rather than direct
hydrogenolysis). This hydrogenation pathway has led to the
development of a new generation of catalysts, whereby another
type of active sites, Type 2, was maximized. Type 2 sites are
generated by careful tuning of the metal-support interaction and
are thought to be more effective for hydrogenation reactions. Two
Type 2 catalysts, Ni-Mo KF848-STARS and Co-Mo KF757-STARS
are commercially available.

Special Features of Type 2 Catalysts. The lower metal-
support interaction leads to a different sulfidation behavior of the
Type 2 catalysts. The sulfidation is complete at lower temperature
(Figures 1 and 2) and proceeds through a different Mo
intermediate (Mo”") (Figure 2) in Type 2 catalysts compared to
conventional catalysts, containing typically a mixture of Type 1

and 2 sites.
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Figure 1. Temperature Programmed Sulfidation (TPS) patterns of
conventional Ni-Mo KF843 and Ni-Mo KF848-STARS catalysts.
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Figure 2. X-ray Photoelectron Spectroscopy (XPS) spectra of
conventional Ni-Mo KF843 and Ni-Mo KF848-STARS catalysts.

Performance of Type 2 Catalysts. The incorporation of
Type 2 sites leads to a higher activity of Ni-Mo (Figure 3) and
Co-Mo catalysts. While traditionally Co-Mo catalysts were used
for HDS, Ni-Mo catalysts are applied for some process conditions
(higher pressure) nowadays. The reason is that the activity
ranking of a Ni-Mo Type 2 changes compared to a Co-Mo Type 2
catalyst as a function of the hydrogen pressure and operating
severity (Figure 4).

180 -

160 - KF848

140 J Type 2 *
. 120 ] KF8a6 §
£ 100 | KF8434
<
z 80 KF840 ¢
x 60 -

0 Type 1

KF153
20 1
0

0 5000 10000 15000 20000 25000 30000 35000
Accessible Mo

Figure 3. HDN activity (VGO) of conventional Ni-Mo (KF153,
KF840, KF843 and KF846) and Ni-Mo KF848-STARS Catalysts.
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Figure 4. Changing activity ranking of Ni-Mo versus Co-Mo
catalysts due to changing reaction mechanism in diesel HDS at
different reaction pressures. Relative volume activity (RVA) HDS
of KF848 is calculated versus the KF757 reference.
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NEBULA Catalyst

The opportunities are even bigger with the NEBULA
catalyst", a joint development of Akzo Nobel with ExxonMobil,
which is a totally novel hydroprocessing catalyst not made
according to today’s technology of alumina carriers with
impregnated metals. NEBULA is such an improvement in activity,
that it enables refiners to produce ultra low sulfur diesel in most
high-pressure units that have been designed for the production of
500 ppm S (Figure 5).
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Figure 5. HDS performance of NEBULA and KF848 in diesel HDS.

Besides using NEBULA for treating the diesel fractions, NEBULA
can contribute to the production of low S diesel when used in
VGO pretreatment, preceding the hydrocracking and FCC units
(Figures 6-8). Just like in diesel HDS, KF757 has a good
performance at higher product S levels. KF848 and especially
NEBULA outperform KF757 at low product S levels. As really low
product S levels can be obtained only at low product N levels
(Figure 9), not only the HDS but also the hydrodenitrogenation
(HDN) and hydrogenation (HDA) activities are improved.
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Figure 8. HDA performance of NEBULA and KF848 in VGO
hydrotreating. RVA HDA is calculated versus the KF757 reference.
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Figure 9. Product S and N level of hydrotreated VGO
corresponding to Figures 6 — 8.

Summary Catalyst Development

Figure 10 shows the development of the “traditional”
hydroprocessing catalysts and the new catalyst generations,
“STARS and NEBULA technology”.
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Figure 6. HDS performance of NEBULA and KF848 in VGO
hydrotreating. RVA HDS is calculated versus the KF757 reference.
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Figure 7. HDN performance of NEBULA and KF848 in VGO
hydrotreating. RVA HDN is calculated versus the KF757 reference.
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Figure 10. Development of hydrotreating catalyst in past 50
years.

Already with the move to STARS, a new development S-curve
was started. At present, the end point of the graph is NEBULA, a
catalyst with breakthrough activity that reaches four times the
activity of the conventional catalysts. Nowadays, NEBULA is
finding its place in the refinery processes. NEBULA catalyst not
only helps to use the existing units to meet the future product
specifications. It also helps to maintain the product
specifications while increasing the cycle length by running the
units at less severe conditions (e.g. lower temperature) or while
increasing the unit throughput at normal operating conditions.

References
1. D. Pappal; NPRA Annual meeting, March 23-25, 2003, AM-03-59.

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2003, 48(2), 495



CHARACTERISTICS OF NOVEL TITANIA
CATALYST PREPARED BY MULTI-GELATION
METHOD IN DEEP-DESULFURIZATION CONDITION

Shinichi Inoue™?, Akihiro Muto™*, Hidehiko Kudou'?,
Takeo Ono "2

*1: PEC Chiyoda Laboratory
(Research & Development Center, Chiyoda Corporation)
1-1 Minamiwatarida-cho, Kawasaki-ku, Kawasaki, 210-0855, Japan
E-mail : sinoue@ykh.chiyoda.co.jp

*2 : Ono Professional Engineer Office
1-38 Furuichiba, Saiwai-ku, Kawasaki 211-0952, Japan

Introduction

Japanese refiners started providing cleaner diesel fuel of 50ppm
sulfur content in the spring 2003. Furthermore, the movement of new
regulation reinforcement is anticipated to reduce sulfur content in
diesel oil under 10 or 15ppm by 2008. Thus, excellent
hydrodesulfurization catalyst is so desired. During the last decade,
titania supported molybdena catalysts have attracted increasing
attention. Several articles dealing with titania outlined a higher
intrinsic activities than on the conventional alumina support.
However, titania catalyst was not commercially used because TiO, is
regarded having a small specific surface area less than 50-60m?/g and
poor thermal stability.

The novel manufacturing technology of structure controlled
titania support catalyst was proposed for the further improvement of
diesel fuel in ultra deep hydrodesulfurization”. The multi-gelation
method has a good performance for controlling pore structures, i.e.,
pore size distributions as shown in Figure 1.

In this study, we investigated the denitrogenation activities of
controlled meso-porous titania catalyst prepared by the multi-gelation
method.

Calcining temperature: 500°C
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Figure 1. Pore Distributions of TiO, Controlled by Multi-Gelation
Method

Experimental
1) Preparation Method of TiO, Support

Multi-gelation method is the procedure to produce the inorganic
oxides gel by swinging of pH of solution dexterously several times.
This method can be employed in preparation of hydrous titanium. It
can control a particle size of TiO, uniformly with a designed pore
size. Figure 2 shows the preparation flow diagram of the
multi-gelation method to synthesize TiO,. The raw materials are
acidic TiCl, and basic anmmonia solutions. Hydroxyl gel of TiO,
was synthesized by swinging pH from TiCl, and ammonia solutions.
TiCl, and ammonia solutions were supplied to the gelation vessel
aternately, and hydrous titanium was synthesized. Particles of
hydrous titanium were controlled in desirable particle size by
aternately supplying TiCl, or ammonia solution. And hydrous
titanium was washed by water to remove ammonium chloride. After
filtration, TiO, as a catalyst or a catalyst carrier was molded to
cylindrical shapes by the extruder, for example. And it was dried at
120 °C and is calcined at 500°C in the standard procedure.
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Figure 2. Preparation Flow Diagram of TiO, by Multi-Gelation
Method

2) Catalysts

TiO, supports properties used in this study are as follows:
Specific surface area is 162m%g, average pore diameter is 9nm
whose pH swing number is 3 times. The CoMo/TiO, catalysts were
prepared by gel impregnation method: TiO, gel was impregnated
with ammonium heptamolybdate and Cobalt nitride as required. This
was followed by drying at 120°C for 3h and calcination in air at
500°C for 3h.

3) Measurement of HDS and HDN activity

The HDS and HDN experiments were carried out with a
fixed-bed reactor. The catalyst was presulfided with the feed ail
spiked by DMDS. Typical reaction conditions were as follows:
H,/Oil ratio 250, LHSV 2 h, reaction pressure 5 MPa, Reaction
temperature 330 - 350°C. The Middle-East straight run gas oil with
1.3wt% sulfur was used as feed stock.
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Results and Discussion
1) Hydrodesulfurization Activity

The activity of the proprietary TiO, catalyst compared with the
conventional CoMo/alumina catalyst for 500 ppm HDS are shown in
Figure 3. This Figure also shows the reactivity of CoMo/TiO,
catalyst prepared using conventional TiO, carrier with 60 m?g of
surface area. It is important to mention that the catalytic activity of
the TiO, supported prepared by multi-gelation method with high
surface area and good pore distribution is much higher than that of
the catalyst using conventional TiO, support with low surface area.
Furthermore, it aso shows that the new TiO, catalyst has 2 times
higher hydrodesulfurization activity than that of the commercia
alumina catalyst.
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Figure3. HDS Performance of Proprietary TiO, Catalyst

2) Characteristic of denitrogenation activities

It was found another remarkable characteristic of TiO, catalyst
that the titania catalyst has high denitrogenation selectivity. Figure 4
shows the correlation between desulphurization rate and nitrogen
removal rate of TiO, and commercial alumina catalysts. Comparing
at the same decarburization rate, denitrogenation selectivity of
CoMo/TiO, catalyst is much higher than Commercial CoMo and
NiMo alumina catalyst.

Figure 5 shows the correlation between nitrogen removal rate
and chemical hydrogen consumption of titania and commercial
alumina catalysts. In spite of high denitrogenation selectivity, it is
clear that the hydrogen consumption of titania catalyst is about
10Nm*kl lower than the commercial CoMo and NiMo aumina
catalysts at the range of high nitrogen conversion rate.

Generadly, it is considered that denitrogenation reaction passed
through a hydrogenation of aromatic ring with nitrogen. It is
considered that the hydrogenation reaction rate of titania catalyst for
the other aromatic compound is dower than that of alumina catalysts.

Accordingly, hydrogenation of aromatic is restrained as much as
possible, and it may be said that CoMol/titania catalyst is more
economic catalyst for desulfurization and denitrogenation.
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Figure 5. Correlation between nitrogen remova rate and H,
consumption
Conclusions

It was confirmed that TiO, with high specific surface area by the
novel multi-gelation method showed good performance of catalytic
activity, especially denitrogenation activities, in ultra-deep
hydrodesulfurization condition. Therefore, the proprietary TiO,
catalyst is good candidates for the hydrodesulfurization or
hydrotreating processes.
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Introduction

The regulation of sulfur content in diesel fuel to around 10 ppm
is coming closer to the reality in a couple of years for the suppression
of air pollution in urban areas. To achieve such ultra-deep
hydrodesulfurization(HDS) of diesel fuel without new investment in
petroleum refineries, further improvements in HDS catalytic
performance are required in terms of the much higher activity and
selectivity for HDS of refractory sulfur compounds such as 4,6-
dimethyldibenzothiophene(4,6-DMDBT).

Enhancing dispersion of the active components is one of the
approaches to modify the HDS catalyst. In the case of conventional
alumina-supported CoMo and NiMo catalysts, the dispersion of the
active components such as CoMoS and NiMoS phases is hardly
enhanced due to the strong polarity and the limited surface area of
the alumina support.! Carbon supports such as active carbons and
carbon blacks have been reported to have the potentials for
enhancing the dispersion of the active sulfides because of the weak
polarity and the higher surface area® Solar et a. quantitatively
measured the surface functional groups of some active carbons to
analyze the dispersion of the active component.® It has been aso
reported that CoMo and NiMo sulfides on active carbons can be
superior to the conventional alumina-supported ones in the activity
and selectivity for HDS of DBT derivatives, suggesting that carbon-
supported Mo sulfides may enhance hydrogenative HDS route.*®

The most important key for ultra-deep HDS of diesel fuel isto
selectively desulfurize refractory akyl-DBT derivatives through the
hydrogenative HDS, because the hydrogenation of neighboring

aromatic ring of alkyl-DBT derivatives accelerates C-S bond scission.

Hence, it is expected that NiMo sulfide supported on active carbon
with high surface area can be one of the potential catalysts for the
achievement of ultra-deep HDS of diesel fuel.

In the present study, HDS reactions of 4,6-DMDBT as a model
feedstock and real gas ail are performed over NiMo sulfide catalysts
supported on a particular active carbon (NiMo/C) by using a micro-
autoclave and a down-flow tubular reactor with fixed-bed,
respectively, in order to clarify the catalytic potentia of NiMo/C in
comparison to a conventional NiMo/alumina catalyst.

Experimental

Catalyst preparation. A commercialy available active carbon
powder with the surface area of 3,000m?%g was used as the support
material of NiMo/C prepared. Ni and Mo were simultaneously
impregnated on the active carbon by incipient wetness procedure
using methanol solution of the organic salts, Ni acetate tetrahydrate
and MoO, acetylacetonate. Ratio of Ni/Mo was kept constant at 0.2
on the basis of their weight. The impregnating procedures were
repeated to the prescribed amount of the active components, followed
by atmospheric drying at 80°C between the each step. Amounts of
Ni and Mo impregnated were analyzed by | CP-AES measurement.

Prepared precursor of NiMo/C was sulfided at 400°C under
atmospheric gas flow of H,S/H, mixture in off-site, prior to the
activity measurement. Both the porosity and the morphology were

measured by N, adsorption and TEM observation, respectively, in
the final sulfide form of the catalyst.

Activity measurement. A micro-autoclave inserted into
electric furnace of vertically shaking type was used for a reaction of
the model feedstock. The model feedstock was composed of DBT
(2.0%), 4,6-DMDBT (0.2%), 1-MN (5.0%) in decane solvent. After
5ml of the model feedstock, 30 mg of the catalyst and 3MPa of H,
gas were charged into the autoclave, the reaction was conducted at
320°C. The processed model feedstock was subjected to GC-FID
and GC-M Sto calculate the conversion ratio and the product yield.

Following the above activity measurement, a reaction of the real
feedstock was carried out in a down-flow tubular reactor. The real
gas oil feedstock contained 12,300ppm-S and 120ppm-N. 4 ml of the
catalyst was packed into the reactor with silicon carbide of the
diluent. After set-up of the reactor unit, the temperature was made to
increase from ambient to 330°C for 16h in the flow of the red
feedstock with 2% dimethyldisulfide. Then, the HDS reaction was
operated at 330-350°C with LHSV of 1.5-3.0 h™. The hydrogen gas
pressure and the volumetric hydrogen gas/oil ratio were kept at 5MPa
and 250NI/I, respectively. The HDS rate constant was analyzed
using 1.3th order kinetics.

A commercially available NiMo catalyst supported on alumina
(NiMo/Al) was subjected to these activity measurements as the
reference to evaluate the catalytic potential of NiMo/C.

Results and Discussion

A variety of NiMo/C catalysts were prepared to analyze the
dispersion of the active component on the active carbon. Table 1
summarizes effect of the amounts of the active components on the
conversion of 4,6-DMDBT in the reaction of the model feedstock.

Table 1. Conversion of 4,6-DMDBT and DBT in thereaction of
the model feedstock at 320°C for 1.0h

Catalyst NiMo/C (NiMo/Al)
Ni [wt%] 2 3 4 5 3
Mo[wt%] 10 15 20 25 15

4,6-DMDBT

Converting ratio [%0] 30.7 371 493 536 179
Rate Const. [h] 0.42 059 082 078 022
C,BP [%] 21 16 21 23 16
C,CHB [%)] 11.7 158 303 307 51
C,BCH [%)] 29 6.3 6.3 102 12
DBT
Converting ratio [%] 715 789 911 90.2 438
Rate Const. [h] 1.45 176 250 215 0.63
BP [%] 41.0 434 497 457 26.8
CHB [%] 26.6 308 377 406 140
BCH [%] 1.8 3.2 31 33 04

The conversion of 4,6-DMDBT was enhanced with the increase
of the amount of the active component, although the converting ratio
reached the peak at 20%-Mo. 4,6-DMDBT was mainly converted
into C,-CHB via the hydrogenative HDS route. Except for 25%-Mo,
the reaction rate constant on 1st order kinetics increased in
proportion to the amount of the active component. The maximum
reaction rate constant, at 20%-Mo, was above 4 times as large as
NiMo/Al. It is supposed that the enhanced dispersion was kept
constant until the amount of impregnated Mo reached at 20%
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The positive effect of the amount of the active component was
evident, also, in the conversion of DBT. 60-70% of DBT was
converted into CHB viathe hydrogenative HDS route.

TEM images gave the evident information on the enhanced
dispersion of the active component in NiMo/C, as shown in Figure 1.
Layered structure of the active component was visible in NiMo/Al,
whereas not visible in NiMo/C, indicating the higher dispersion of
the active component in NiMo/C. A small portion of layered
structure of NiMo/C may be formed at the external dlit on the active
carbon. Although the active component was not appreciable in TEM
image, Ni and Mo were detected in EDX spectrum at the same
measuring field. It is an evidence that the higher dispersion of the
active phases may be achieved on NiMo/C catalyst. The invisible
active component on the active carbon was independent of the
amount impregnated, which was consistent with the reaction rate
constant for converting 4,6-DMDBT mentioned above.

(@) NiMo/Al

(b) NiMo/C, 4%Ni-20%Mo

Figurel. TEM imagesof NiMo/Al and NiMo/C catalysts
(1.5million magnification)

The reaction of the real gas oil feedstock was carried out over
the best NiMo/C that contained 4%Ni and 20%Mo. Figure 2 shows
the reaction temperature versus the residual sulfur content.
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Figure 2. Reaction temperature vs. residual sulfur content in the
reaction of the real feedstock under hydrogen pressure of 5MPa with
LHSV of 1.5h™ O, NiMo/C (kups@330°C: 1.59hY); @, NiMo/Al
(Kups@330°C: 0.68h™)

NiMo/C achieved 10ppm-S level at 337°C, whereas not completed
over NiMo/Al under the present operating conditions. It is revealed
that NiMo/C can be also advantageous catalyst for the ultra-deep
HDS of real diesel fuel. The HDS rate constant over NiMo/C was
above 2 times higher than that over NiMo/Al. This was consistent
with the reaction rate constant for converting 4,6-DMDBT in the
reaction of the model feedstock, taking into difference in the bulk
density consideration.

Conclusions

Catalytic potential of NiMo/C prepared using an active carbon
powder with the surface area of 3,000 m?/g was evaluated in order to
achieve the ultra-deep HDS of diesel oil. The reaction rate constant
for converting 4,6-DMDBT was enhanced in proportion to the
amount of the active component in a reaction of model feedstock at
320°C, dthough the reaction rate constant reached the peak at 20%-
Mo. The maximum rate constant over NiMo/C was 4 times larger
than that over NiMo/Al. TEM observation showed the much higher
dispersion of the active species on NiMo/C. The best NiMo/C
containing 4%Ni and 20%Mo achieved 10ppm-S at 337°C in a
reaction of the real gas oil feedstock using a down-flow tubular
reactor, whereas was not completed over NiMo/Al under the same
condition. The HDS rate constant over NiMo/C was above 2 times
higher than that over NiMo/Al. Hence, NiMo/C can be a candidate
for the innovative catalyst for the ultra-deep HDS.
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Introduction

The generation of microporous and small-particle chalcogenides for
catalytic hydrodesulfurization (HDS) of transportation fuels and
heavy crude is of interest. However, currently employed commercial
wet chemical synthesis techniques result in large sheets of MoS,. A
few recent reports include preparation of supported MoS, on alumina
catalyst with a Co promoter, sonolysis of Mo(CO)s/Co(CO);NO
/wide-pore AI-MCM-41 in decalin to produce nano particles of Mo
and Co oxides on an alumina support that was further treated to form
the HDS catalyst, and sonochemical preparation of supported nano
HDS catalysts, Co-Mo-S/ Al,O;, Ni-Mo-S/ Al,O;, and Co-Ni-Mo-S/
ALyOs. These catalysts were shown to exhibit several-fold higher
HDS activity than comparable micrometer-sized commercial
catalysts.

Results and Discussion

A convenient synthesis of nano-size HDS catalytic materials in
several-gram quantities is the main focus of the present activity at
Brookhaven National Laboratory (BNL) and Argonne National
Laboratory (ANL).  Several hydrocarbon solvents have been
evaluated to optimize “cavitation” that is critical to produce nano Mo
metal particles by decomposition of molybdenum hexacarbonyl.
Further in situ complexation of nano Mo with elemental sulfur yields
nano MoS2. With a known ratio of Co,(CO)g/Mo(CO)s, the method
produces nano Co/MoS,. Sonolysis of Mo(CO); in the presence of y-
Al,05 produced supported nano Mo, i.e., nano MoS,/y-Al,0;. The
yields of all three nano-sized materials are >90% based on the
starting Mo(CO)s.

The prepared samples are being characterized at the National
Synchrotron Light Source (NSLS) at BNL and the Advanced Photon
Source (APS) at ANL. The measurement of these materials is a
challenge. Preliminary x-ray diffraction (XRD) data show that the
prepared materials indeed are nano-size. Transmission electron
microscopy (TEM) (with a resolution of 0.16 nm) is being used to
measure the morphology and particle size of the samples.

The nano-scale materials exhibit temperature-programmed reduction
(TPR) profiles that are about 75°C higher than the commercially
available catalyst. Adding cobalt to the molybdenum has no effect
on the temperature of the reduction but does lower the overall
amount of hydrogen adsorption. The MoS, nanophase materials are
highly reactive and susceptible to oxidation in air. Running x-ray
adsorption near edge spectroscopy (XANES) at the APS in

temperature- programmed oxidation (TPO) mode (Figure 1) shows
that the native material oxidizes at the relatively low temperature of
365°C. The addition of Co to the nanophase MoS, material

Feno MoS, HOS Cabaly-a
A TRO
Mo XAMNES

AL L
gl

Figure 1 — Temperature programmed oxidation
followed by Mo XANES.

(necessary for HDS catalytic activity) removes some of this
oxidation instability. Principle component analysis (PCA) (Figure 2)
provides us with an estimate of the amount of a specific component
at any given temperature.
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Figure 2. Principle Component Analysis of the types of
Mo during TPO of commercial and nano-phase MoS,.

HDS activity of several supported metals has been correlated with
the temperature programmed reduction (TPR) peak. The TPR for the
nano-MoS, and nano-Co/MoS, materials is significantly higher than
that of the supported materials. The fact that the temperature of the
TPR reduction peak was almost the same as nano-MoS, implies that
there was not a combination of these two phases. In addition, the
width of the TPR peak for the nano-sized materials (nano-MoS, and
nano-Co/MoS,) is significantly broader than the commercial catalyst.
The wider TPR peak for the sonochemically-generated materials
implies that there is a much broader distribution of active sites in the
nanophase materials versus the commercially prepared catalyst. This
would result in a wider variety of active sites and is probably the
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reason for the lower activity for the sonochemically prepared
materials.

Preliminary HDS activity evaluation studies show lower activity for
the nano-CoS-MoS, compared to the nano-MoS,.  This was
surprising but is mirrored in the TPR data. The activity of the
unsupported nanosized catalysts, however, is much higher than the
commercial micron-sized counterparts. This enhancement comes
from the increased surface area of the nanoparticles. In the micron-
sized catalysts, diffusion in between the long rafts of MoS, is mass
transport limited, so it is expected that most of the activity comes
from the ‘rims’ and ‘edges.” Incorporation of Co to MoS, increases
the activity of the catalyst. In preliminary studies, the catalytic
activities are compared at commercially operated temperature that
may not be the optimized temperature for nanosized MoS2-based
catalysts.

A major problem with hydrodesulfurization is the hydrogenation of
olefins, which leads to loss of research octane number (RON). The
rate of olefin hydrogenation is much faster than HDS, but
competitive adsorption of S at the active site strongly inhibits the
hydrogenation reaction. At low S levels, olefin hydrogenation takes
over. To model these olefins in our HDS runs, 1-octene (1 wt.%)
was added to the liquid feed and the HDS tests were run again.
Interestingly, the sonochemically synthesized nanophase catalysts are
less active for olefin hydrogenation than their commercial
counterparts. This observation contrasts the expected result that the
hydrogenation function in nanosized catalysts should increase
because nanosizing increases the number of edge sites. Work is in
progress to further decrease the hydrogenation function with
concomitant increase in the HDS activity of the synthesized
nanophase materials.
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INTRODUCTION

NOx, SOx and particulate matters exhausted from diesel engine
which combusts gas oil as fuel has provided a sincere social problem
all over the world. The drastic reduction of sulfur in gas oil is
expected to reduce those environmental pollutants and burden for
diesel engines. Removing sulfur species deeply from gas oil has two
difficulties; the first one is very low reactivity of some refractory
sulfur species in gas oil such as 4,6-dimethyldibenzothiophene (4,6-
DMDBT), 4,6,x-trimethyldibenzothiophene (4,6, x-TMDBT) having
methyl group at 4 and 6 positions, the second is the strong inhibitors
in feed oil and the products such as H,S, NH;, nitrogen species and
aromatic compounds'?. Hence deep HDS of these refractory sulfur
species in gas oil can be achieved rather easily by the first and second
stages of the catalysts when H,S removal is performed between
stages. Another approach is to develop catalysts of higher activity.
Larger amount or better dispersion of sulfides have potential
possibility for higher activity. Nevertheless severe conditions appear
necessary.

The present authors prepared a two layer catalyst bed to achieve
desulfurization without H,S (NH;) removal between layers. The
functions of the catalysts in each layer are defined as follows. 1st
layer : complete removal of reactive sulfur species and 95% removal
of refractory sulfur species. 2nd layers : remaining refractory sulfur
species (around 400-500ppm) must be removed to less than 10ppm in
the presence of H,S and NHj;. In the present study, several types of
zeolite containing supports for HDS catalysts are prepared to be
examined in the first and second layers.

Zeolite support has been reported to provide high HDS activity
and resistivity against H,S. However it loses activity and accelerates
the cracking of paraffin substrate. Hence, it is the present target to
reduce the deactivation and cracking activity with maintain HDS
activity and resistivity.

EXPERIMENTALS
a, Gas oil samples

Straight Run Gas Oil (SRGO) and Hydrodesulfurized Straight
Run Gas Oil (HSRGO) were used as typical feedstocks for the first
and second layer catalysts, respectively in this study. The SRGO
contains 11780ppm while the HSRGO contains 340ppm of sulfur.
Furthermore, the SRGO contains 155ppm while the HSRGO contains
20ppm of nitrogen.

b, Catalysts

The catalysts used in this study were CoMo and NiMo supported
on alumina(-A), silica-alumina(-SA), alumina-zeolite composite(-AZ,
-ACZ), silica-alumina-zeolite composite(-SAZ), modified zeolite
alumina(-ACZ) which were manufactured by a commercial catalyst

vendor. Table 1 shows their surface area, average pore size measured
by BET and NH; desorbed amount measured by NH;-TPD.
¢, Hydrotreatment

SRGO and HSRGO were hydrotreated over the catalyst at
340°C under 50kg/cm?® of H, for first layer, 50 kg/cm® H, with H,S
(1.67%) and 50 kg/cm* H, with H,S (1.67%) added ethylenediamine
(15ul) for second layer in a 100ml autoclave.

The ratio of catalyst to feed was 1g/10g. Catalyst was
presulfided at 360°C under the stream of H,S(5%)/H, mixture for 2hr
before the catalytic reaction.

Table.1 Catalysts properties

Surface area Pore volume NH;-Desorbed area

— (m*/g) (cm®/g) (mmol/g-cat. )
CoMoA 191 0.41 0.48
NiMoA 175 0.34 0.62
CoMoSA 221 0.41 0.56
NiMoSA 242 0.39 0.49
CoMoAZ 265 0.34 0.81
NiMoAZ 262 0.35 0.66
NiMoSAZ 271 0.33 0.85
CoMoSAZ 274 0.32 0.82
NiMoACZ 129 0.36 0.58
RESULTS

a, HDS of SRGO

Figure 1 shows remaining sulfur chromatograms of SRGO after
HDS over NiMo- and CoMo-A, NiMo- and CoMo-SA, NiMo- and
CoMo-AZ, NiMo- and CoMo-SAZ, and NiMo-ACZ catalysts at
340°C under 50 kg/cm® H,. NiMo-AZ shows the highest activity
among nine catalysts, and its remaining sulfur content is less than
300ppmS. Although NiMo-ACZ, having smaller surface area, shows
low activity, zeolite containing catalysts having larger surface area
except for NiMo-ACZ tend to show higher activity than SA- and A-
series catalysts for HDS of SRGO that contained major reactive
sulfur species. The HDS at this stage removed all reactive sulfur
species and about 95% of refractory sulfur species to achieve sulfur
level of 500ppm.
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Figure 1. HDS of SRGO over several NiMo and CoMo catalysts
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d, HDS of HSRGO in the presence of H,S and NH,

Figure 2 shows HDS of H-SRGO in the presence of both H,S
and NH,. Figure 3 shows GC-AED carbon chromatograms after
HDS of HSRGO in the presence of both H,S and NH;. NiMo-A of
large pore was found very active for HDS of refractory sulfur species
in the presence of H,S and NH; to achieve less than 6ppmS. In
contrast, CoMo-A, NiMo-SA and CoMo-SA were less active. NiMo-
AZ and CoMo-AZ were much inhibited by addition H,S and NH,.
NiMo-ACZ, NiMo-SAZ and CoMo-SAZ having strong acidity were
found very active as a second layer catalyst.
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Figure 2. GC-AED sulfur chromatograms on HDS of H-SRGO in the
presence of H,S and NH,

Acidic catalyst can crack and isomerize hydrocarbons. As can be
seen in Figure 3, a number of products were found at a range of
shorter retention time as a result of hydrocracking. Such products
were the most remarkable on alumina-zeolite supported catalysts. In
contrast NiMo-ACZ containing zaolite catalyst showed higher
activity didn’t crack for isomerize hydrocarbons at all. Although the
strength of acidity of NiMo-ACZ can be demonstrated, cracking of
hydrocarbons is not distinct.
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Figure 3. AED Carbon Chromatograms of HDS over some Acidic
Catalysts

DISCUSSIONS

The present study revealed that the two layers of the best HDS
catalysts with appropriate activity under respective conditions can be
a logical approach to achieve deep HDS of gas oil.

The first layer catalyst must eliminate 100% of reactive sulfur
species, first of all. Hence, the catalyst must have larger surface area,
slightly smaller pore being allowed for the larger surface area.
Acidity helps higher activity. 95% of refractory sulfur species must
be also eliminated. Its content is still in relatively large range, being
less influenced by inhibitors. Moderate acidity is helpful for the
hydrogenative HDS.

The second layer catalyst eliminates the refractory sulfur species
of 100-500ppm to less than 10ppm in the presence of H,S and NH,.
The catalyst must have larger pores to accept the refractory sulfur
species of tri aromatic rings with methyl groups more than di
aromatic rings. Acidity is important to enhance HDS of the refractory
sulfur species in the hydrogenation route by moderate H,S inhibition.
Zeolite containing CoMo and NiMo showed higher activity in SRGO,
HSRGO+H,S+NHj;. On the other hand, zeolite having strong acidity
is easily deactivated and can crack and isomerizes hydrocarbons.
ACZ catalyst showed very high activity in HDS of HSRGO, while it
didn’t crack the substrate so much. Therefore, modified zeolite-
alumina catalyst may have longer life time than any other zeolite
containing catalyst, with have high cracking activity.

Appropriate sets of two catalysts with successive layers are very
active to achieve regulated Sulfur level of gas oil. It is always
discussed whether CoMo or NiMo is better catalyst for the first and
second layers. The support and supporting procedure appear very
influential and hence we can not tell which is better at this stage.
Nevertheless high dispersion in designed shape of the sulfides must
be practiced in any supports.
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Introduction

Environmental concerns are the driving force behind the
growing interest of removing sulfur compounds from middle
distillate fuels. To encounter the strict of nowadays regulation of
sulfur content superior, catalyst is needed. Polyaromatic sulfur
compounds are confirmed to be the real obstacle for deep
hydrodesulfurization (HDS) reaction. They are the leftover species
after deep HDS. These species react through consecutive and
sequence reaction in which the selectivity plays arole in the reaction
mechanism. In respect to this, catalyst designers encounter two
options; one is to search for a catalyst in which the hydrogenation is
the pioneer feature of its activity and the other is an ascertained
catalyst for the hydrogenolysis of C-S bond. MoS, based catalysts
are widely applied for HDS reactions. The role of cobalt in
promoting M oS, supported catalysts has been extensively studied and
the synergetic effect is well established.1,2 Nevertheless, the impact
of cobalt addition to bulk MoS, on the selectivity trend of HDS is not
clear yet. A better understanding how cobalt may modify the bulk
MoS,; catalyst will provide researchers with fruitful information about
how such inclusions promote the HDS activity in case of supported
Mo-catalysts. In this piece of work we address some experimental
insight work on the comparison between behavior of bulk and
supported Mo-catalysts. In addition, it may contribute the linkage
between the catalytic activity and selectivity in HDS reaction.
Kinetic treatments that focus on the selectivity change of HDS of
dibenzothiophene (DBT) are prescribed.

Experimental

Bulk MoS, was synthesized through heat annealing in
presence of continuous flow of 10v/v% H,S/H, gas mixture. Detail
of preparation and characterization of this catalyst is stated
elsewhere3. The obtained highly crystalline MoS, phase was further
ground fine particle around nanometer sizes. This form of MoS, was
applied to be a primary support for cobalt addition. Alcoholic
solution of cobalt (1) acetate was impregnated to MoS, at ambient
temperature.  This mixture was exposed to ultrasonic for 10min.
Then the sample was dried at 80°C under vacuum condition.
Thereafter, the catalyst was pre-sulfided at 400°C by flow of 10v/v
H,S/H, gas mixture. CoS phase synthesized via heat annealing of
cobalt (1) acetate with gas flow of 10v/v%H,S/H,.

The HDS catalytic activity of DBT was investigated through
the use of a batch magnetically stirrer micro-autoclave reactor. All
reaction runs were examined at 340°C and 3MPaH,. Some reaction
runs were carried out after addition of copper powder which serves as
a scrubber of the continuous production of H,S during HDS.
Reaction products were tracked by the aid of GC-FID and GC-MS.

Results and Discussion

The main HDS products from DBT obtained over the studied
catalysts are biphenyl (BP) and Phenylcyclohexane (PC) in addition
to the well-known intermediate of H4-DBT. However, it is unique of
the MoS, and/or Co-promoted bulk MoS, catalysts that traces of

fragmented products like alkylated derivatives of benzene or even
naphthalene is formed. The presence of these species could be
explained due to a series of consecutive hydrogenation reactions that
takes place over this kind of catalysts. Table 1 shows the catalysts
characterization and the product distribution of DBT HDS at ca. 50%
conversion level. Fixed conversion level was adopted because the
selectivity of these consecutive and parallel reactions varies with the
conversion level.

Table 1. Activity of Bulk M oS, Promoted Cobalt Catalysts for
DBT HDS.

Cadys Cowt% Levd of HDS*  Sdedtivity a 50%conv. level

H,S BP FC H4-DBT
CoS 100 High 2 244 216 39
MoS, 0 Low 24 223 23 24
MoS, 0 High & 82 285 133

MCSI 2  High B 85 164 51

MCSII 10 High B 285 163 5

MCSIII 16 Low 17 432 62 07

MCSIII 16  High B 286 167 52

*stgca. 107 (340°C & 3MPaH,), + 3%

The HDS activity of CoS is very low compared with MoS,
catalyst. One may notice the sharp decrease in activity for Co-
promoted MoS, catalysts. Unlike the supported CoMo catalysts, Co
addition to bulk M oS, has a negative effect on the HDS activity. In
addition the selectivity of DBT HDS was changed dramatically based
on the level of H,S in the reaction medium. Figures 1,2 and 3 show
the activity and selectivity behavior of the MoS, and Co-promoted
MoS,; catalysts. To explain the connection between cobalt inclusions
and the changesin HDS activity, one must look at their impact on the
selectivity trend.
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Figure 1. Pseudo-first order plots of DBT HDS over MoS, and MCS-
Il catalysts with or without copper addition.
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It is interesting to note the drastic change in selectivity in
presence or absence of Co. The obvious decrease of activity with Co
inclusions to MoS, is markedly linked in a direct proportion relation
with the change made on the selectivity behavior. This raises the
consolidation between selectivity and activity in HDS reaction4.
Another interesting feature of the present results is the effect of H,S
on the selectivity and activity of DBT HDS. Figures 3 and 4 show
the effect of H,S level on the HDS selectivity of DBT over MCSHII
catalyst. H,S level is defined as whether copper are included or not
into the reaction medium. It is evident that H,S promote the reaction
via the acceleraton of the hydrogenation route. Nevertheless, the
contribution from the direct hydrogenolysis route is still significant.
DBT HDS showed pseudo-first order behavior and the influence of
H,S on the activity is clarified on Figure 1. Figures 2 and 3
illustrate the selectivity changes over MoS, and MSC-III catalyst.
The hydrocracked fragments products were assumed to result from
PC.

Product Distribution

0 0.2 04 0.6 0.8 1
Fraction Transformed

Figure 2. HDS selectivity Curves of DBT (MoS,, 340 °C & 3MPa
H,).

0.8  HighH,S

Product Distribution

0 0.2 0.4 0.6 0.8 1
Fraction Transformed

Figure 3. HDS selectivity Curvesof DBT (MCS-111, 340 °C & 3MPa
Hy).

The decrease in activity of MoS, after inclusion of Co is
suggested to be due to the negative synergetic effect that has been
widely known for these supported catalysts. In other words, the
synergy in the present bulk sulfidesis not helpful for HDS activity. It

seems that this synergy rule the HDS reaction via more contribution
of the direct desulfurization route leading to BP species. The reaction
through this route is reported to undergo geometrical difficulty to
reach the prospected catalytic active sites. In this respect, it is
suggested that the catalytic activity is linked with two distinct active
sites. The inclusions of Co to the MoS, catalyst replaced some of the
usable hydrogenation sites in MoS, catalyst. Consequently, these
sites will no longer be active for hydrogenation. The obtained new
sites forward the reaction to the direct desulfurization route.

Product Distribution
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Figure 4. HDS product distribution curves of DBT over MCS- I
catalyst, the run with added copper powder. (340°C & 3MPaH,)

In summary, the results show the close correlation between
activity and selectivity in HDS reaction and how cobalt modified the
HDS reaction mechanism occurred over MoS, catalyst.
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IN SITU FT-IR STUDY OF CO HYDROGENATION
ON A MOLYBDENUM NITRIDE CATALYST

Dong Liu, Yungi Liu, Tao Zhou, Chenguan Liu, Guohe Que

INTRODUCTION

Free ammonia had been replaced with N,/H, gases, the
production of molybdenum nitride and Co-promoted molybdenum
nitride, which had more sufficient specific surface area, had been
obtained from the two-stage temperature-programmed reduction of
molybdenum oxides with the mixture of N,/H, gases. The new
synthetic molybdenum nitride and co-promoted molybdenum
nitride is very sensitive to air, so it should be pre-treated in the
cell—namely the new synthetic molybdenum nitride should be
retarded-oxidized by oxygenic inert gas on their surface and a thin
layer of CoMoNx will be formed on their surface. CoMoNx on
surface layer will invert to molybdenum nitride due to
hydrogenation at 673K, and will improve their
hydrodesulfurization activity. Because hydrofining catalysts will
be influenced by H2S in the hydrodesulfurization process, they
should possess high activity and cracking activity (desulfurization
activity). It is difficult to distinguish which is better between
hydrogenation activity and cracking activity for molybdenum
nitride catalysts when organosulfur is adopted to evaluate activity,
because H,S in production will bring some disturbance on surface
structure of catalysts. The CO hydrogenation activity was
measured by FT-IR in-situ method. Mo,N and CoMoNx were
prepared and used in the experiment, and compared their effect on
CO hydrogenation activity with MoS,.

EXPERIMENTAL

Catalysts preparation

The production of molybdenum nitride and co-promoted
molybdenum nitride were obtained from the two-stage
temperature-programmed reduction of molybdenum oxides with
the mixture of N,/H, gases. The BET specific surface areas of
molybdenum nitride and Co-promoted molybdenum nitride
(atomic ratio of Co and Co+Mo is 0.25) are 165 and 158 m?/g
respectively. MoS, (99.9%) was produce by Beijing chemical
reagent company.

Method of in situ FT-IR study on CO hydrogenation

CO hydrogenation was carried out in a self-designed IR cell
described as Figure 1. The IR cell was made of quartz, the length
and high of optical path were ascertained by Magna-750 Fourier
Transform Infrared spectrometer. The IR cell (a hollow cell )
adding with water inlet and outlet tube were constituted into a
whole circular cooling system to protect windows. Heating zone,
made up to groove shape to keep insulation of resistance heater,
was situated in the middle of the cell. Heating power was 350W. A
self-supporting disc (13mm diameter) was prepared by
compressing the powder obtained by Catalysts (1% Mo,N, MoS,
or CoMoNx mixed with 99% Y-Al,03). This disc was mounted in a
self-designed IR quartz cell described as Figure 1. A thermocouple
well was indwelled in the middle of the IR cell around the catalysts
disc. Actual temperature about catalysts (reaction temperature) was
measured by the thermocouple. Programmed temperature control
instrument, joined with all heating zone and temperature detector
in the IR cell, will control the temperature. Air inlet and air outlet
were installed on two end of the cell that were adopted with KBr
plate and were connected with air inlet channel and outlet channel
of in-situ systems by vacuum silicone grease.

Partial pressure of CO, H, are 1.01X 10* and 2.02 X 10*Pa
respectively in the CO hydrogenation experiment, reaction
temperature is 673K unless otherwise stated.

The catalyst disc was degassed under vacuum for lhr at 673
K, then was pre-reduced in-situ in high-purity H, at 2X 10°Pa for

2hr. In-situ IR spectra of the disc in CO, H, at the quoted
temperatures and pressures were recorded with a Nicolet
Magna-750 Fourier Transform Infrared spectrometer. The
resolution was 4cm™, the scanning area was 4000~400 cm’, the
scanning frequency was 256.
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Figure 1. In-situ FT-IR Quartz Cell

Figure 1b. Disc Quartz Supporter

RESULTS AND DISCUSSION

CONFIRMATION OF REACTION PRODUCT

It was confirmed by IR spectrum of methane standard gas
(99.99%) that there was methane in the reaction product. Figure2
show the IR spectrum of methane standard gas and the reaction
product of CO and H,. There were two broad infrared bands at
3020 and 1310cm” emerged on the IR spectrum of methane
standard gas, which were coincided with two infrared bands on the
IR spectrum of reaction products of CO and H,. It showed that
there might be methane existed in the reaction products of CO and
H,. It means that gaseous CO, in the IR cell might cause the bands
at 2200~2400cm™ and the band at 1400~1600cm™ may be due to
H,0, H,0 is one of the reaction products of CO hydrogenation. On
the existing of H,, the main reaction is hydrogenation, but the
disproportionation of CO may have occurred (to form CO, and C).
This experiment mainly observes and studies the hydrogenation
activity about molybdenum nitride catalyst. CH, is main
hydrogenation product in the reaction of CO probe molecule
hydrogenation and CH,4 did not react to form C, further, which
showed the high selectivity of CO hydrogenation on the surface of
molybdenum nitride catalyst.

Figure3 shows the effect on the IR spectra about reaction
products that are formed by CO hydrogenation reaction on the
surface of molybdenum nitride catalyst different time. It shows
obviously that methane IR spectra peak area will increase while the
reaction time increasing when we compare IR spectra peak area on
different time. The peak area will characterize the hydrogenation
activity of catalysts instead of the concentration of reaction
products because it is proportionate with concentration of reaction
products, when we deal with the experimental data.
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INFLUENCE FACTORS OF HYDROGENATION
ACTIVITY ON THE (Co-PROMOTED) MOLYBDENUM
NITRIDE CATALYST

H,-reduction pretreatment

In order to find the influence factors of CO hydrogenation
activity about molybdenum nitride catalyst, we compared CO
hydrogenation activity on different time about Mo,N and CoMoNx
catalysts before H,-reduction pretreatment with after H,-reduction
pretreatment, and compared them with CO hydrogenation activity
of MoS; catalysts. The result shows in the tablel. Tablel shows:@D
It is the same result to Mo,N and CoMoNx catalysts that CO
hydrogenation activity will be reduced after catalysts were
hydrogenation reduction; @ CO hydrogenation activity will be
increased by adding Co into molybdenum nitride catalyst; @
Hydrogenation activity of passivated molybdenum nitride catalysts
is lower than that of MoS, catalysts. The reason is the surface
structure of passivated molybdenum nitride catalysts is high
dispersing molybdenum nitride oxide due to introduce O, after
molybdenum nitride catalysts were passivated (figure 4-a ). Oxides
atom and hydrogen atom dissociated from hydrogen molecule
formed to —OH, which improve the acidity of catalysts and reduce
the metallic property of catalysts (hydrogenation activity) (figure4
(b)). Catalytic hydrogenation promoter of Co is mainly depended
on its the ability of high-activated hydrogen, and at the same time
its lower hydrogen adsorptivity improve hydrogenation activity of
catalysts, because Co addition improve the quantity of hydrogen
fugacity.

Reaction temperature

Figure2 shows CO hydrogenation activity of Mo,N and
CoMoNx catalysts on different reaction temperature and reaction
time (showed by CH,; peak area). While reaction temperature
increasing, CO hydrogenation activity increases obviously. In the
proper temperature range, addition of Co will improve
hydrogenation activity.
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Figure 4. The surface layer structure of Mo,N

CONCLUSIONS

The production of molybdenum nitride and Co-promoted
molybdenum  nitride  has been  obtained from the
temperature-programmed reduction of molybdenum oxides with
the mixture of N,-H, gases. The BET surface areas of molybdenum
nitride and Co-promoted molybdenum nitride are 165 and 158m?/g
respectively. The CO hydrogenation activity was measured by
FT-IR in-situ method. It is showed high activity and selectivity of
methane formation. It is the same result to Mo,N and CoMoNx
catalysts that CO hydrogenation activity will be reduced after
catalysts were hydrogenation reduction. Addition of Co will
improve hydrogenation activity; Hydrogenation activity of
passivated molybdenum nitride catalysts is lower than that of MoS,
catalysts.
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Introduction

During most of the last century, refining research focused on
maximizing the production of fuels and petrochemicals from a barrel
of petroleum and improving the properties of fuels to meet the
demands of the automakers’ newer engines. This produced a number
of processes such as catalytic cracking, alkylation, and catalytic
naphtha reforming [1]. Societal demands for a cleaner environment
and the resulting Clean Air Act in 1970 shifted the focus of refining
research and catalyzed the advent of clean fuels, which first appeared
in the form of lead-free gasoline.

Thelncreasing Stringency of the Regulatory L adder

Lead removal was the first in a series of developments
influencing the evolution of gasoline. These developments are
described in the regulatory ladder shown in Figure 1. Lead removal
is at the foot of the ladder followed by reformulated gasoline (RFG)
with lower vapor pressure and the addition of oxygenates. We are
currently at the step mandating gasoline sulfur content less than 30
ppm. At higher steps in the ladder, even lower sulfur levels such as
10 ppm or less could be mandated. The elimination of benzene and
methyl tertiary-butyl ether (MTBE) from gasoline will likely be
formalized in the near future. Similarly, addition of renewable fuels
such as ethanol is anticipated. At the top of the ladder is the
Driveability Index (DI), which is being discussed increasingly in the
context of amore consistent fuel.

The arrows at the top of the ladder in Figure 1 imply that new
clean fuels regulations will continue beyond those discussed here
which are critical but not exhaustive. The ladder represents the
increasing difficulty of producing clean fuels that meet increasingly
stringent regulations. Each new regulation places a new constraint
on the properties of allowable fuels. The property constraintsin turn
limit what can be blended into the gasoline pool thus defining what
refining processes can produce. For example, the loss in octane
because of the phase-out of lead was offset by catalytic naphtha
reforming, akylation, and the addition of MTBE.

Clean Fuelsfrom Fuel Composition and Properties

Relating the properties of a fuel to its composition reveas the
impact that regulations have on both fuel and refinery process
chemistry. For example, reducing fuel vapor pressure impacts the
amount of C4 and Cs hydrocarbons alowed in the fuel. Similarly,
any reductions in DI reduce the permissible amounts of Cy and Cyg
aromatics in gasoline. Removing these light hydrocarbons or heavy
aromatics reduces gasoline’ s octane and also demands a home for the
now orphan streams. While Cy aromatics have high octane numbers,
they have poor cetane values and make inferior quality diesel.
Therefore, after removal from gasoline, their alternative useis as fuel
gas and fuel ail, both of which are not high-value markets.

Fuel composition and properties aso enable insight for the
design of tools and techniques to produce clean fuels. One such
example relates to hydrodesulfurization of diesel fuels. Analytical
methods were developed in the early 1990s to routinely identify—
accurately and quantitatively—the types of sulfur molecules present
at ppm levels. Concurrently reaction kinetics for different sulfur

compounds had been accurately described [2]. Combining analytical
measurements with fundamental kinetics led to the development of
sophisticated reactor and process models. Currently, at
ConocoPhillips, catalyst hydrodesulfurization activity data from a
standardized laboratory reactor test is combined with the feed sulfur
distributions and other compositional properties in a reactor model to
predict product sulfur concentrations, hydrogen consumption, and
catalyst life for new and existing hydrodesulfurization units. This
approach facilitates the determination of optimal solutions for low-
sulfur diesel at each of our 15 different refineries.

L ow-Sulfur Gasoline Without Octane L oss

Detailed compositional analyses combined with reaction
kinetics have aso proven useful in the production of low-sulfur
gasoline. Regulations mandating low-sulfur gasoline raised the issue
of removing sulfur without losing octane. Most of the sulfur in
gasoline is associated with the gasoline produced in the catalytic
cracker. This gasoline also contains 20-30% olefins, which
contribute to the fuel’s octane. Attempts to reduce sulfur through
hydrodesulfurization of gasoline results in the hydrogenation of
olefins to paraffins causing significant loss of octane. A comparison
of the distribution of sulfur and olefins by boiling points shows that a
higher percentage of the olefins boil below 180 °F while most of the
sulfur compounds boil above 250 °F. Thisled some to fractionate the
light end off gasoline feedstocks followed by hydrotreatment of only
the heavy fraction.

While such a strategy might work for sulfur specifications of 30
ppm, the prospect of intensifying regulations specifying sulfur
content to levels as low as 10 ppm calls for a greater understanding
of the olefin-sulfur interactions. It isinteresting to note that although
50% of the olefins in gasoline are in the Cs fraction, the
hydrogenation of olefins in the Cg and C; fraction results in greater
octane loss (Figure 2). For example the hydrogenation of methyl-2-
butene to iso-pentane actually increases road octane from 90 to 91.5,
while the hydrogenation of 2-methyl-2-hexene reduces octane from
87 to 44. It may also be noted that thiophene boils very near the C;
olefins.  Furthermore, at high olefin concentrations, Langmuir-
Hinshelwood kinetics of olefin hydrogenation predict a rate
dependence on olefins closer to zero than one. This implies that
leaving the Cs olefins in the feed to compete with the C; olefins for
hydrogenation sites will actually reduce octane loss.

It is therefore clear that desulfurization through separation or
fractionation has limited potential for effective desulfurization. In
light of this, a different set of investigations were begun to answer
the question, “Is it possible to remove sulfur without significant
hydrogenation?’ These investigations resulted in ConocoPhillips's
proprietary S Zorb Sulfur Removal Technology, which uses certain
metal combinations capable of adsorbing and decomposing
thiophenic sulfur with only minimal olefin saturation and without
forming any hydrogen sulfide.  The ability to accomplish
desulfurization without the formation of hydrogen sulfide is acritica
advantage of the S Zorb Sulfur Removal Technology over
hydrotreating. Hydrogen sulfide, produced during hydrotreating, is
known to react with olefins and form mercaptans, thereby enhancing
product sulfur.

The Utility of Olefins Beyond Octane L oss

While retention of olefins for the sake of gasoline octane is
good, future clean fuel issues demand increased understanding and
value for olefins. Of the different types of hydrocarbons available to
petroleum and fuel chemists, olefins are the most reactive and
undergo a suite of reactions including alkylation, dimerization, and
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cracking at conditions much milder than demanded by corresponding
paraffins, aromatics, and naphthenes. For example, Cy and Cyg
aromatics can be alkylated with Cs and C; ol€efins to produce diesel-
range material with acceptable cetane numbers.  Similarly,
dimerization of Cs olefins could reduce vapor pressure. Olefins offer
such versatility and flexibility, which need better understanding and
creative utilization to unlock issues that will dominate the future of
clean fuels.

Conclusions

The future of cleans fuels will continue to be both challenging
and full of opportunities for creative chemists and chemical
engineers. A critical tool toward the development of processes and
products for producing clean fuels will be a strong understanding of
the fundamentals of fuel chemistry. Recent advances in analytical
techniques, kinetic modeling of fuel components, catalysis and
materials, and reactor engineering will enable the production of a
new generation of clean fuels.

References

1

Martino, G.; Courty, P.; and Marcilly, C. In Handbook of
Heterogeneous Catalysis; Ertl, G.; Knozinger, H.; and
Weitkamp, J.; Eds.; VCH: Berlin, Germany, 1997; pp. 1801-
1818.

Girgis, M. J. and Gates, B. C. Ind. Eng. Chem. Res. 1991, 30,
2021-2058.

LADDER

LOW SULFUR
RFG -RVP-OXYGENATES

LEAD REMOVAL

GASOLINE REGULATORY

BENZENE

OXYGENATES

ULTRA-LOW SULFUR
BIOFUELS

Figure 1. Theissuesthat constitute the increasingly stringent regulatory ladder.

3.0

N
o

=
o

(R+M)/2 LOSS
= = N
o o o

o
4
.

0.0 -

=== Potential (R+M)/2 Loss[ |

—&—Feed Olefin content

(4]
Wt Percent of Feed

:-‘\: 0

C4 C5 C6 Cc7 C8 C9 C10+

Carbon Number

Figure 2. Olefinsdistribution and potential octane loss for gasoline.

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2003, 48(2), 521



ADSORPTIVE DESULFURIZATION OF DIESEL FUEL
OVER A METAL SULFIDE-BASED ADSORBENT

Xiaoliang Ma, Lu Sun, and Chunshan Song*

Clean Fuels and Catalysis Program, The Energy Institute and
Department of Energy and Geo-Environmental Engineering,
The Pennsylvania State University, 209 Academic Projects Building,
University Park, PA 16802
*E-mail: csong@psu.edu

Introduction

Ultra-deep removal of sulfur from diesel fuel is important for
environmental protection and fuel cell applications (1,2). The
current hydrodesulfurization technology is difficult to reduce the
sulfur content in diesel fuel to less than 10 ppmw, because the
remaining sulfur compounds in the current commercial diesel fuel are
the refractory sulfur compounds, the alkyl dibenzothiophenes with
one and/or two akyl groups at the 4- and/or 6-positions (1,3,4). On
the other hand, the conventional hydrodesulfurization technology has
to be operated at high temperature and high pressure with hydrogen,
resulting in high cost for the ultra-deep hydrodesulfurization.
Selective adsorption desulfurization is a promising technology for the
ultra-deep desulfurization of diesel fuel. We are exploring a new
approach at Penn State called selective adsorption for removing
sulfur (PSU-SARS), for ultra-deep removal of sulfur from liquid
hydrocarbon fuels (1, 2, 5-11).

The major challenge to our proposed approach is to selectively
adsorb sulfur compounds onto the surface of the solid adsorbent but
leave the coexisting hydrocarbons including aromatic and olefinic
hydrocarbons as well as saturated hydrocarbons, untouched. On the
other hand, for the industrial applications one of the key pointsin the
adsorptive desulfurization process is to develop the adsorbent that
can be regenerated easily. We envision that the interaction between
the sulfur compounds and the adsorption sites on the adsorbent
should be selective and suitable in strength. The too strong
interaction between them will cause a difficulty in the subsequent
regeneration process, while the too weak interaction probably results
in a low adsorption selectivity and low capacity. In the present
approaches we attempted to devel op a metal -sulfide-based adsorbent
that not only can selectively adsorb the sulfur compounds but also
can be easily regenerated without using hydrogen gas.

Experimental

Two model diesel fuels (MD-1 and MD-2) were used in the
present study. MD-1 contains the same molar concentration (3.9
mmol/L) of dibenzothiophene (DBT), 4-methyldibenzothiophene (4-
MDBT) and dimethyldibenzothiophene (4,6-DMDBT), and 1-
methylnaphalene (1-MNA). MD-2 contains only one sulfur
compound, DBT. The total sulfur concentration in MD-1 and MD-2
is 486 and 200 ppmw, respectively. MD-1 and MD-2 also contain 10

wt% of n-butylbenzene for mimicking the aromaticsin the real diesel.

The detailed composition of the model diesel fuelsislisted in Table 1
and 2. The sulfur compounds and hydrocarbons contained in the fuels
were purchased from Aldrich without further treatment before use.
The adsorbent used in the present study was Adsorbent-6, which
was prepared from CoMo oxides supported on y-alumina (CoMoly-
Al,Og; CoO: 3wt%; MoO3: 14wt%; Surface area: 183 m?g; Pore
volume: 0.4755 ml/g; Average pore size: 102 A). CoMaly-Al,O5 was
sulfided at 350 °C with 10 vol % H,S in H, at a flow rate of 200
mi/min for 4 h. The sulfided CoMoly-Al,O; was cooled to room
temperature under the same atmosphere, and then, kept into hexane
before use. Adsorbent-6 was obtained by treating the sulfide CoMoly-
Al,O; with H, at 300 °C for 60 min. About 2 g of the sulfided

CoMoly-Al,O3; was parked into a stainless steel column with internal
diameter of 4.6 mm and length of 150 mm. The adsorbent bed
volume was 2.49 ml. H, gas was passed through the column at
ambient pressure and a flow rate of 20 ml/min. After the treatment,
the column temperature was reduced to the assigned temperatures for
the adsorption.

The adsorption experiments were performed at ambient pressure
without using H, gas. The model diesel fuel was fed into the column
and flowed up through the adsorption bed. The flow rate was 0.2
mi/min, corresponding to a LHSV of 4.8 h™. The treated model fuel
was collected for analysis. The regeneration of the spent adsorbents
was accomplished by washing the adsorbent with a polar solvent
followed by heating the adsorbent to remove the remaining solvent.
The polar solvent was pumped through the adsorbent bed at 60 °C
and aLHSV of 4.8 h. After washing, the adsorbent bed was heated
to 300 °C under a nitrogen flow at 20 mi/min for 1 h, and then, was
cooled to the assigned temperature for the subsequent adsorptive
desulfurization.

Analysis of concentration of sulfur compounds in the treated
MD-1 was performed by using GC with a capillary column, XTI-5
(Restek) 30 m x 0.25 mm x 0.25 um, and a flame ionization detector
(FID). An Antek 9000 Series Sulfur Analyzer (detection limit 0.5
ppmw) was used for determining sulfur concentration in the treated
MD-2.

Results and Discussion

Figure 1 shows the molar concentration of sulfur compounds
and 1-MNA at the outlet as a function of the effluent amount for the
adsorptive desulfurization of MD-1 over Adsorbent-6 at 50 °C. The
first break-through compound was 1-MNA with a break-through
point a 0.2 g/g (gram of MD-1 per gram of adsorbent) and a
saturation point at 1.6 g/g. The second one was 4,6-DMDBT with a
break-through point at 0.4 g/g. The concentration of 4,6-DMDBT
was kept below 0.2 mmol/l before the effluent amount reached 2.5
g/g, and then, increased quickly to the saturation point at 4.4 g/g.
Break-through point of 4-MDBT was at 2.5 g/g with a saturation
point at 5.0 g/g. The last bresk-through compound was DBT with a
break-through point at 3.5 g/g and a saturation point at > 5.5 g/g. It is
clear that Adsorbent-6 has much higher selectivity to adsorb DBTs
compared to aromatics represented by 1-MNA. Asis well known, 1-
MNA has a higher n-electron density on its aromatic ring than that of
DBTs (9), athough the aromatic ring size of the former is smaller
than that of the latter. It is clear that interaction between the S atom
and the adsorption sites plays an important role in the competitive
adsorption between DBTs and 1-MNA. From a comparison of DBT,
4-MDBT and 4,6-DMDBT, the adsorption selectivity increasesin the
order of 4,6-DMDBT < 4-MDBT < DBT, implying that the methyl
groups at the 4 and 6-positions inhibit the interaction between the S
atom and the adsorptive sites on the adsorbent, which results in the
decrease in the adsorption capacities of 4,6-DMDBT and 4-MDBT.

It should be noted the system we used is based on selective
adsorption, not reaction. No detectable biphenyls and
cyclohexylbenzenes type products were found in the effluent,
indicating that no HDS reaction takes place at such conditions.

Adsorption desulfurization of MD-2 over Adsorbent-6 was
conducted at 50 °C under ambient pressure. The total sulfur
concentration at outlet as a function of the treated MD-2 amount is
shown in Figure 2. When the treated MD-2 amount was less than 2.5
g/g, the sulfur concentration at outlet was less than 10 ppmw. After
2.5 g/lg of the effluent amount, the sulfur concentration increased
sharply with increasing the effluent amount. Adsorbent-6 was
saturated when the effluent amount reached about 8 g/g. The
adsorptive capacity corresponding to the break-through point at 10
ppmw sulfur level and the saturation point was 0.65 and 0.77
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milligram of sulfur per gram of adsorbent (mg-S/g-A), respectively. - able 1 Composition of MD-1 :
Adsorption desulfurization of MD-2 over Adsorbent—6 at 150 °Cwas ~ NO: Name Concentration

also conducted, but the performance was poorer than that at 50 °C. T . wt % mmol/| ppmw
This indicates that lower temperature is better for the adsorptive Sulfur compounds

desulfurization over this type of adsorbents, in contrast to the nickel- 1 DBT 0.095 3.93 165
2 4-MDBT 0.099 3.81 160

based adsorbents (12).
After regeneration of the spent adsorbent, the adsorption 3 46DMDBT 0.107 385 162
’ Tota Sulfur 11.59 4386

performance of the regenerated adsorbents was tested. The o

adsorption break-through curves for the regenerated adsorbents are g g_ﬁggﬂﬁggﬁi@e (98%) 8;3?1 385
shown in Figure 2 in comparison with the curve for the fresh 6 n-Hexadecane(99+%) 39.97

adsorbent. It shows clearly that the break-through curves for the 1st 7 n-Dodecane(99+%) 39.50
regenerated adsorbent and the 2nd regenerated adsorbent coincide 8 n-Tetradecane (99+%) 0.109

well with that for the fresh adsorbent, especialy when the treated 9 Decalin(99+%) 0.988

MD-2 amount is less than 4 g/g. The adsorption capacity 10 t-Butylbenzene(99%) 0.088

corresponding the break-through point at 10 ppmw sulfur level for

the 1st regenerated adsorbent and the 2nd regenerated adsorbent is Table 2 Composition of MD-2

0.65 and 0.66 mg-S/g-A, respectively. It implies that the spent

adsorbent can be regenerable, and almost all adsorption capacity in No. Name WE % Cor:]ifnnéﬁlon
the adsorbent can be recovered by our developed method. = By
_ _ 1 DBT (99+%) 0.115 4.84 200
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Introduction

Ultra-deep desulfurization of gasoline and diesel fuelsis aimed
to produce sulfur-free fuels or their sulfur contents below 10 ppm for
the environmental protection in urban areas. To develop fuel cell
vehicles in the future, olefin and aromatic compounds as well as
sulfur compounds are to be removed to extremely low levels of less
than percent levels of the former two compounds and tens of ppb
levels of sulfur compounds.®

Hydrodesulfurization(HDS) of gasoline and diesel fuels has
been widely applied in petroleum refineries for the production of
such sulfur-free fuels, however, reduction of sulfur levels below 10
ppm is hardly achieved by conventional catalysts under HDS process
conditions.*  Much higher activity and selectivity of HDS catalysts
should be designed for the removal of refractory sulfur compoundsin
petroleum light products.

Adsorptive removal processes of sulfur compounds from
petroleum digtillates have been also developing for the complete
capture to achieve the sulfur levels below ppm order. Some of such
adsorptive sulfur removal procedures are expected to produce sulfur-
free gasoline and diesel fuels because of their simple and energy-
saving manner without hydrogen consumption. Although variable
kinds of adsorbents have been screened for the achievement of sulfur-
free fuel production, effects of coexisting aromatic compounds on the
adsorption selectivity of sulfur compounds are not fully elucidated.

Carbon adsorbents such as active carbon and active carbon fiber
are one of the most promising materials for the selective removal of
sulfur compounds at relatively low temperatures around room
temperatures due to their extremely high surface area and very
uniform pore size distribution with weak polarity.

In the present study, some of mesoporous carbon adsorbents are
investigated to estimate their adsorption capacity and selectivity for
sulfur compounds such as benzothiophene(BT) and 2-methyl-benzo-
thiophene(2MBT) and in their mixture with some aromatic
compounds as model feedstocks. In addition, a real naphtha fraction
is also treated with active carbons of different surface areas and
particle sizes with or without dilution with n-hexane solvent.
Mesoporous active carbons of finer particles are revealed to be
preferable for the selective adsorption of two-ring sulfur compounds
such as BT and 2MBT.

Experimental

Some properties of carbon adsorbents used in the present study
are summarized in Table 1. Three types of active carbons(MaxSorb,
Diahope, and Alkali-activated carbon prepared from Marlim
Brazilian vacuum residue: MarVR-AC) and a carbon black(Ketjen
Black) are selected for the comparison of adsorption capacity and
selectivity. All of the active carbons were ground to < 60 mesh and
dried at 333 K under vacuum prior to the adsorption experiment.

A simple model feedstock of BT(0.05 g) in 10 cc n-heptane was
prepared for the evaluation of adsorption capacity. A series of model
solutions of toluene(T), naphthalene(N), 1-methylnaphthalene(1IMN),

and 2-methylbenzothiophene(2MBT) were prepared for the
evaluation of adsorption selectivity. These solutions were mixed
with 0.5 g of carbon adsorbent and stirred for 1 h at room temperature.

10 g of a real naphtha fraction supplied from Japan Energy
Co.(sulfur content: ca.300 ppm; b.p. range: 70-151°C) and its 10 wt%
solution diluted with n-hexane were also treated with 0.1 g of active
carbon for checking the adsorption ability of carbon adsorbents.

Model solutions and real naphtha fractions were analyzed by
GC-AED before and after the adsorption treatment.

Results and Discussion

First of all, detection limit of sulfur compounds by GC-AED
was examined by changing the measurement conditions such as split
ratios, injection amounts, and gas flow rates with a series of standard
BT solutionsin their concentrations of 87.2 ppm, 7.44 ppm, 0.84 ppm,
0.071 ppm, and 8.7 ppb. It is revealed that about 0.05 ppm(50 ppb)
of BT can be detected by GC-AED measurement by adjusting the
split ratio to 1:1 and the injection amount to 2 ul. GC-AED can be a
powerful tool for the detection of tens ppb level of sulfur compounds,
enabling us to check the quality of nearly sulfur-free fuels.

Adsorption capacity of carbon adsorbents for BT is summarized
in Table 1. Among the carbon adsorbents examined in the present
study, the adsorption capacity was in the order of Diahope [0.083 (g-
BT / g-adsorbent)] > Ketjen Black [0.062] > MaxSorb [0.056]>
MarVR-AC [0.041]. It seems that relatively mesoporous active
carbons may be preferable for the selective adsorption of BT.

Tablel O
Some pr oper ties of carbon adsor bents and their

adsor ption capacity for_benzothiophene (BT) *

Carbons SA. Avporedia. Porevol. Ads. for BT
(m?g)  (nm) (mlig) (9/9)

MaxSorb 3370 0.37 1.88 0.056

(active carbon)

Diahope 1150 12 0.70 0.083

(active carbon)

Ketjen Black 1270 <03 1.39 0.062

(carbon black)

MarVR-AC 2150 19 1.05 0.041

(active carbon)

* BT 0.05 g in 10cc n-heptane with 0.5 g carbon at r.t for 1 h

Adsorption selectivity of each model compound on Diahope
powder was summarized in Table 2. Roughly speaking, adsorption
ratio of each substrate increase with its molecular molecular weight
or molecular size, however, it is suggested that sulfur compounds
may be more selectively adsorbed on Diahope powder.

Table 2 Adsor ption selectivity of each model compound*
Adsorption (%)

Toluene 10
Naphthalene (Np) 31
1-methylnaphthalene(1M N) 25
Benzothiophene (BT) 83
2-methylbenzothiophene(2M BT) 89

* 0.05 g of each substrate in 10 cc n-heptane with 0.5 g
Diahope(< 60 mesh) at r.t. for 1h
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Adsorption selectivity of mixed model compounds on Diahope
powder was summarized in Table 3. Adsorption ratios of sulfur
compounds decreased significantly with increased adsorption ratios
of two-ring aromatic compounds, indicating large interference of
similar-sized aromatic compounds against sulfur compounds. It is
noted that a single ring aromatic compound of toluene may not be
adsorbed so much as two-ring aromatic compounds, suggesting that a
majority of one-ring aromatic compounds in gasoline and naphtha
fractions may not interfere with the adsorption of sulfur compounds.

Table 3 Adsorption selectivity of mixed model compounds*
Adsorption (%)

Toluene 85
Naphthalene (Np) 39
1-methylnaphthalene(1M N) 35
Benzothiophene (BT) 54
2-methylbenzothiophene(2M BT) 62

* 20% of five model solutions mixed and treated with 0.5¢g
Diahope(< 60 mesh) at r.t. for 1h

According to the sulfur-chromatograms of the naphtha feedstock
analyzed by GC-AED before and after the adsorption treatment, the
original naphtha fraction mainly consisted of alkylated thiophene
derivatives with a small amount of benzothiophene and its akylated
derivatives, and the benzothiophene derivatives were selectively
removed by the adsorption treatment, athough such two-ring
aromatic sulfur compounds are relatively minor components.

Table 4 compares the adsorption behaviors of two active
carbons of Diahope and MaxSorb with two levels of particle sizes of
< 60 mesh and 60-100 mesh for neat naphtha fraction. It is reveded
that a very small amount of sulfur compounds as low as a few
percents were adsorbed in all the cases examined in the present study
regardless of the carbon types and particle sizes. The recovery yield
of the naphtha feedstock was aso as low as 80%, indicating the
difficulty in the selective adsorption of sulfur compounds and in the
effective recovery of non-adsorbed species from the carbon
adsorbents.

Table 4 Adsorption treatment of neat naphtha fraction
using active carbon powder s*

Adsor bent Adsorbed S(%) Recovery(%)
Diahope ( < 60 mesh) 2.8 79
Diahope ( 60 - 100 mesh) 19 83
Maxsorb ( < 60 mesh) 35 78
M axsorb (60— 100 mesh) 2.1 81

* 10 g of neat naphtha solution was stirred with 0.1 g active carbon at
r.t. for 1h

Table 5 summarizes the adsorption amount of sulfur
compounds from real naphtha fraction when it was diluted with n-
hexane to 10wt% before the adsorption treatment.  Although the
adsorbed amount of sulfur compounds remained low even if the
naphtha fraction was diluted to 10%, finer particles of the active
carbons gave dightly higher adsorption capacity. MaxSorb gave the
larger adsorption capacity for sulfur compounds in rea naphtha
feedstock in comparison to Diahope, probably due to its higher
surface area and pore volume regardless of their particle sizes.

In addition, recovery yields of the naphtha fraction after the
adsorption treatment were always above 90 %, suggesting that n-
hexane solvent may not only improve the adsorption efficiency of
sulfur compounds by enhancing the diffusion into the pore structure

of the carbon adsorbent, but also facilitate the separation and
recovery of non-adsorbed species from the carbon adsorbent.

Table 5 Adsor ption treatment of 10wt% naphtha fraction
diluted with n-hexane by using active carbon powder s*

Adsor bent Adsorbed S(%) Recovery(%)
Diahope ( < 60 mesh) 1 95
Diahope ( 60 - 100 mesh) 9.5 97
Maxsorb ( < 60 mesh) 21 92
Maxsorb (60 — 100 mesh) 16 93

* 10 g of naphtha solution(10wt%) was stirred with 0.1 g active
carbon at r.t. for 1h

Table 6 summarizes the adsorption behaviors of mixed sulfur
compounds which consists of each 1wt% of 2-methylthiophene
(2MT), ethylphenylsulfide(EPS), benzothiophene(BT), and 2-
methylbenzo-thiophene(2MBT), and diphenylsulfide(DPS) dissolved
in n-hexane solvent. Two-ring aromatic sulfur compounds were
more selectively adsorbed on Diahope powder, reflecting from their
molecular sizes in the order of BT < 2MBT < DPS. It is suggested
that microporous carbon adsorbents may be favorable for the removal
of one-ring sulfur compounds such as 2MT and EPS. Otherwise, the
conventional catalytic hydrodesulfurization treatments are preferable
for the removal of such one-ring aromatic sulfur compounds because
of their much higher reactivity under the milder conditions compared
to two-ring and three-ring aromatic sulfur compounds.

Table 6 Adsor ption selectivity of mixed sulfur model
compounds*

Adsorption (%)

2-methylthiophene(2M T) 21
Ethylphenylsulfide (EPS) 33
Benzothiophene (BT) 52
2-methylbenzothiophene(2M BT) 59
Diphenylsulfide(DPS) 68

* 1wt % of five model sulfur compounds dissolved in n-hexane
solvent mixed with 0.5 g Diahope(< 60 mesh) at r.t. for 1h

Conclusion

The present study revealed that relatively mesoporous active
carbons with finer particle size may be preferable for the selective
adsorption of two-ring sulfur compounds such as BT and 2MBT
contained in the naphtha fraction. Hydrogenative removal of one-
ring sulfur compounds with the adsorption treatment had better be
combined for the more effective and optimized desulfurization
procedures.
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Introduction

The requirement of ultra-clean transportation fuels,
particularly, gasoline and diesel, has resulted in a continuing
worldwide effort to dramatically reduce the sulfur levels in them.
The presence of sulfur in these fuels is a very serious
environmental concern because on combustion in the internal
combustion engines, the sulfur is converted into toxic SOx. The
Government agencies in various countries have implemented
more stringent regulations for refineries to produce gasoline and
diesel fuels with reduced sulfur content. For instance, the U.S EPA
recently issued a new Tier II regulation that mandates refineries to
reduce the sulfur content of gasoline from the current average of
300 ppmw to 30 ppmw by 2005-2006 and to cut down the sulfur
content of highway diesel fuel from the current limit of 500 ppmw
to 15 ppmw by 2006. Lowering the sulfur content in
transportation fuels not only reduces the SOx emission, but it
also contributes to reducing the emissions of other noxious gases
such as NOx and hydrocarbons by allowing the automotive
catalytic converters to work better.

The need for the production of ultra-clean gasoline and
diesel fuel is further motivated by the rapid development of fuel
cells for mobile, stationary and portable power application for
which the sulfur levels need to be further reduced down to 1
ppmw. Hydrodesulfurization (HDS) using sulfided Ni-Mo or Co-
Mo catalyst at high temperature and high pressure is a
conventional method being employed by the refineries to
produce low sulfur gasoline and diesel in order to meet the
environmental regulations."> However, the process is inefficient
to produce ultra-clean transportation fuels, particularly for fuel
cell applications. Alternative methods such as adsorptive
desulfurization, oxidative and extractive desulfurization,
biodesulfurization, etc. are being developed in recent years to
produce ultra-low-sulfur gasoline and diesel fuels.

Among the alternative methods, adsorptive
desulfurization is a promising approach and several new
processes, such as IRVAD and Philips S-Zorb processes have been
reported recently.>* The challenges in the adsorptive
desulfurization include the following: (i) the adsorbent should be
selective to remove only sulfur compounds without adsorbing
the aromatics and olefins present the fuel; (ii) for on-board or on-
site fuel cell applications, the adsorptive desulfurization should
be performed at close to the ambient temperature; and (iii) the
adsorbent should be regenerable for subsequent use.

A new process concept is being developed in our
laboratory at PSU known as selective adsorption for removing
sulfur (PSU-SARS) for the adsorptive desulfurization of gasoline,
diesel and jet fuel."**®* Here we report what may be characterized
as the "sense and grab" and "sense and shoot" approaches
employed for selectively removing organic sulfur compounds
present in these fuels. In the former approach, the sulfur
compounds are selectively adsorbed onto certain adsorbents. The
adsorbed sulfur compounds are recovered and the adsorbents are

regenerated either by solvent washing or by oxidative
regeneration. In the "sense and shoot approach", the sulfur
compounds adsorbed onto the adsorbents are decomposed
because of the occurrence of surface reactions with adsorbents.
The sulfur is retained on the surface of the adsorbent and the
remaining organic moiety is added to the fuel. The performance of
the adsorbents is regained by reductive regeneration or a
combined oxidative and reductive regeneration. In this
communication we show few examples for our approaches for the
desulfurization of diesel fuels and regeneration of adsorbents by
solvent washing and reductive regeneration methods.

Experimental

A wide variety of materials, including metal ions loaded
on zeolites or mesoporous materials, mixed metal oxides,
hydrotalcite-like anionic clays, metal modified activated carbon,
supported metals, etc were tested as adsorbents. Most of these
materials were synthesized in our laboratory as described
elsewhere.!>>® Either a model fuel containing thiophene (as
representative for gasoline) or 4,6-Dimethyldibenzothiophene
(4,6-DMDBT; as representative for diesel fuel) or commercial real
gasoline / diesel fuels were used as a feedstock. The adsorbent was
packed in a stainless steel column with an internal diameter of 4.6
mm and length of 150 mm. The adsorbent bed volume was 2.49
ml. Adsorbents such as zeolite-based, activated carbon and mixed
oxides were initially activated at 200°C in N, flow to remove any
adsorbed gases and then cooled down to the adsorption
temperature (60°C). Sulfur-free n-decane was fed into the column
using a HPLC pump at a rate of 0.2 ml/min. (LHSV = 4.8 h™') for
about 10 min to remove entrapped gases and then switched to the
sulfur containing feed with the same space velocity. Samples were
collected periodically and their total sulfur contents were
determined using an Antek 9000 Series Sulfur Analyzer
(detection limit 0.5 ppmw). A GC equipped with a sulfur selective
pulsed flame photometric detector (PFPD) was used to identify
the nature of sulfur compounds present in the feed and effluent.

Regeneration of spent adsorbent was performed by
solvent washing, oxidative or reductive regeneration. In the
solvent washing method, a 1:1 mixture of methanol and toluene
was flowed through the adsorbent bed at 70°C until the sulfur in
the washing solvent became undetectable. The oxidative
regeneration was effected by treating the spent adsorbent by
flowing air at 300°C for 2-3 h while the reductive regeneration
was performed by flushing the adsorbent with H, gas at 500°C for
2-3 h.

Result and Discussion

The sulfur compounds present in gasoline, jet fuel and
diesel are derivatives of thiophene (T), benzothiophene (BT) and
dibenzothiophene (DBT), respectively. The reactivity of these
sulfur compounds in the HDS reaction decreases in the order;
thiophene (100) > benzothioghene (30) > dibenzothiophene (30)
> MDBT (5) > DMDBT (1).”® The GC chromatograms obtained
using a sulfur selective PFPD for two kinds of low sulfur diesel
received from commercial sources are shown in Fig. 1. As can be
seen, the 4,6-DMDBT is present as a major sulfur compound even
in the diesel fuel containing below 10 ppmw of sulfur. This is the
most refractory sulfur compound and is very difficult to remove
by the existing the HDS process because of the steric hindrance
exerted by the presence of methyl groups at the 4 and 6 positions.

In order to develop regenerable adsorbents for the
desulfurization of diesel fuels, a wide variety of new adsorbents
based on zeolites, mixed metal oxides, activated carbon and
supported metal compounds have been tested using a model
diesel fuel containing 220 ppmw of sulfur as 4,6-DMDBT in a
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mixture of decane and hexadecane solvents. The breakthrough
curves for the adsorptive removal of 4,6-DMDBT from the model
diesel fuel at 60°C over transition metal oxides supported on
MCM-41 mesoporous material and activated carbon are shown in
Fig. 2. It is interesting to note that in both cases, the 4,6-DMDBT
has been completely removed. The MCM-41-based adsorbent
exhibits a breakthrough capacity of 3.5 mg of sulfur per g of
adsorbent while the transition metal supported on activated
carbon shows very high breakthrough capacity of 12.6 mg/g of
adsorbent.

4,6-DMDRBT

4-E,6-MDBT

L

9 ppmw

45 ppmw
4-MDBT

\‘| L

Fig. 1. Sulfur selective GC PFPD Chromatogram of low sulfur
diesel fuels containing 9 ppmw and 45 ppmw sulfur
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Fig. 2. Breakthrough curves for the adsorptive desulfurization of
a model diesel fuel containing 4,6-DMDBT at 60°C over
Transition metal oxides supported on MCM-41 and activated
carbon. LHSV =4.8 h™!

Attempt has been made to regenerate these adsorbents
by flushing with a 1:1 mixture of methanol and toluene at 70°C.
In order to estimate the amount of solvent required to completely
recover the 4,6-DMDBT and to regenerate the adsorbent for
subsequent use, the fractions of the solvent have been collected
and analyzed using the total sulfur analyzer. The profile for
recovering the 4,6-DMDBT by solvent washing from the spent

activated carbon-based adsorbent is shown in Fig.3. The sulfur
content in the initial few fractions exceeded 1000 ppmw and then
decreases exponentially. The results indicate that most of the
sulfur compounds could be recovered using 20 cc of the solvent
per g of adsorbent. However, about 100 cc of the solvent is
required under the present experimental condition for the
complete removal of all the sulfur compounds adsorbed on this
particular adsorbent.

1200

1000 -

800

600

400

200

Outlet Sulfur conc. (ppmw)

0 20 40 60 80 100 120
Wt of solvent used for washing
(g/g of adsorbent)

Fig.3. Profile for recovering the adsorbed 4,6-DMDBT by solvent
washing from the spent activated carbon-based adsorbent at 70°C

After the solvent washing, the regenerated adsorbent has
been flushed with N, gas (40 ml/min) for about 1 h at 300°C in
order to remove any adsorbed solvent molecules. Desulfurization
of model diesel fuel over regenerated adsorbent has been
performed under the same experimental condition as that of fresh
sample and the sulfur breakthrough curve obtained on the
regenerated sample is shown in Fig. 2 itself along with that of
fresh samples. The breakthrough curves of fresh and regenerated
samples are close to coincidence and this indicates that solvent
washing can regenerate the adsorbent almost completely. This
observation infers that the adsorbent simply grabs the sulfur
sulfur compound (4,6-DMDBT) from the fuel and holds it by
some weak interactions without destroying. Flushing with
solvent is sufficient to break such weak interactions.

There are several advantages of solvent washing for the
regeneration of spent adsorbent. For instance, the organic sulfur
compounds can be recovered by separating them from the solvent
and the concentrated sulfur compounds can be treated in small
HDS reactors to remove sulfur and the remaining organic moiety
can be blended with the fuel."”> Regeneration by solvent washing
is an environmentally benign method because it avoids the
emissions of SOx generated by oxidative regeneration or H,S
generated in the reductive regeneration.

In the “sense and shoot” approach, model and real diesel
fuels have been treated over adsorbents such as Ni supported on
Si0,-Al,0s, and nano-composite materials derived from
hydrotalcite-like anionic clays. These materials exhibit better
adsorption performance at relatively elevated temperature of
around 200°C. This indicated that the sulfur compounds over
these adsorbents are removed by surface reactions rather than
weak interactions. Experiments using model fuels revealed that
the sulfur compounds are destroyed and converted into
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corresponding organic moiety although no hydrogen gas has
been used during the adsorption.

Fig.4 shows the breakthrough curves for the adsorptive
desulfurization of a low sulfur diesel fuel containing 45 ppmw of
sulfur shown in Fig. 1. (bottom panel). In addition to the 4,6-
DMDBT, the fuel contained 4-cthyl-6methyl dibenzothiophene
(4-E,6-MDBT) which is even more refractory than the 4,6-DMDBT
because of the presence of ethyl group instead of methyl group in
the 4th position. The results indicate that the adsorbent is capable
of sensing the sulfur compounds from this very dilute feed (feed
containing only 45 ppmw of sulfur) and removing them
completely (below 1 ppmw) by the surface reaction. The adsorbent
has been regenerated by treating with H, gas at 500°C for 1-2 h
and then reused for the subsequent run. The breakthrough curves
of the regenerated adsorbent in two cycles, also shown in Fig.4,
indicate that the adsorption performance can be completely
regained by the reductive regeneration.

Initial conc. of sulfur : 45 ppmw

——Fresh
—+— Recyele-|
——Recycle-2

—===-45 ppmw level

------- 2 ppmw level

Outlet sulfur conc. (ppmw)

Weight of LSD treated (g)

Fig. 4. Breakthrough curves for the adsorptive desulfurization of
low sulfur diesel containing 45 ppmw of sulfur over a Ni-based
adsorbent at 200°C. LHSV =4.8 h’

Several other adsorbents are currently being evaluated
using the "sense and grab" and "sense and shoot" approaches in
order to develop highly efficient and regenerable adsorbents for
the production of ultra-clean gasoline, diesel and jet fuel for
refinery and fuel cell applications and the detailed results will be
reported.

Conclusions

New regenerable adsorbents based on =zeolites,
mesoporous materials, activated carbon, supported metal, etc, are
being developed for the selective removal of organic sulfur
compounds present in gasoline, diesel and jet fuels using "sense
and grab" and "sense and shoot" approaches. In the former
approach, certain adsorbents such as metal oxide supported on
activated carbon simply grabs the 4,6-DMDBT present in the
model diesel fuel at 60°C and hold it by some weak interactions
without chemical reaction. The adsorbed sulfur compound could

be recovered by solvent washing and the adsorbent could be
completely regenerated for subsequent use. On the other hand, in
the sense and shoot approach, the adsorbent such as supported Ni
metal, adsorbs the sulfur compounds at elevated temperature. The
adsorbed sulfur compounds are decomposed and the remaining
organic moiety is added to the fuel. The adsorbent could be
regenerated by reductive regeneration at 500°C using hydrogen
gas.
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Introduction
A recently developed process for the synthesis of naphthenic
kerosene (NK) from selected refinery naphtha feedstocks can provide
an opportunity to produce high-performance jet fuel/rocket propellant
compositions accommodating the next generation of aircraft, and
reusable space access vehicles, which must use the high-temperature
performance fuel to cool critical engine components.! The process is
based on newly elucidated chemistry of naphthenes (alkylated
cyclopentanes and cyclohexanes), which embraces several types of
the following simultaneously occurring catalytic reactions:?
1. Self-condensation (dehydrodimerization and dehydrotrimerization)
of akylcyclopentanes to alkylsubstituted decalins and some
a kyI substituted tricyclic naphthenes, e.g.,

R
H,SO,
Hydrogen acceptor

(C, - Cyolefins)
R
Mixtures of isomers
2. Self-condensation (dehydrodimerization) of alkylcyclohexanes to
alkylsubstituted bicyclohexyls (dodecahydrobiphenyls), e.g.,

R
Branched C, - Cy
paraffins (byproduct)

Where R = mostly CH,

R R R

R
‘ H,SO,
. 250, N
R Hydrogen acceptor
(C, - C,olefins)

R
Mixtures of isomers

3. Dispersive akylation of monocyclic napthenes by C, - Cg olefins
to polyalkylcyclohexanes, e.g.,

Branched C, - Cy
paraffins (byproduct)

Where R = mostly CH,

H,S0, CH, C,H,

+ H. T,
CeHio Low temperature

C CH.
(Mixture of 3 N H,C CH;
double bond
isomers) .
CH.
H,C, 3 H.C, C,H,

Isomeric polyalkylcyclohexanes

CH,
) 3
CH. HiCs !
3
H so CgH CH,
+ CgHyp,
Low temperature
(Mixture of Ha H,C, CH,

double bond
isomers) H,C,

CoHs H,C,  CH,
Isomeric polyalkylcyclohexanes

The reactions occur at low temperatures in the presence of
concentrated H,SO, as a catalyst and reaction medium. The product
obtained contains alkylated bicyclic (and some tricyclic) naphthenes,
i.e, akylated decalins, some akylated bicyclohexyls, akylated
perhydrophenanthrenes, akylated hydrindanes, and polyalkylated
cyclohexanes. Olefins and sulfur-containing compounds present in
the naphthenic reaction mixtures act as hydrogen acceptors. It results
in production of highly-branched paraffinic gasoline components as a
byproduct and exhaustive hydrodesul furization.

Experimental

Semi-batch experimental process runs to produce naphthenic
kerosene were performed using:

(@) mixtures of two naphthenic model compounds, i.e, methyl
cyclopentane (MCP) and methylcyclohexane (MCH) of variable
composition, with 1-hexene as olefinic hydrogen acceptor (initia
temperature, 7 °C, increasing to 12 °C; olefin addition rate, 0.3
g/min; molecular naphthenes/olefin ratio, 2.0; total reaction time,
120 minutes; and, H,SO,/naphthenes wt ratio, 4); and

(b) refinery naphthene-rich naphthas i.e., heavy virgin naphtha
(HVN) and intermediate virgin naphtha (IVN) with olefinic light
catalytically cracked naphtha (LCCN) (initial temperature, 7 °C,
increasing to 12 °C during the run; LCCN addition rate, 1g/min;
calculated molecular naphthenes/olefins ratio, 2.0; total reaction
time, 77 minutes ; and, H,SO,/haphthenes wt ratio, 4).

The reaction runs were performed in a semi-batch stirred tank
reactor system (a three-neck flask), equipped with a mechanical
stirrer, a reflux condenser, and a metering pump for introducing the
reactants and a remote temperature controlled water bath. A mixture
of a liquid catalyst (concentrated H,SO,) and the naphthenic
component was placed in the reactor, and the olefinic component was
added dropwise to the reaction mixture. Contact between the acid
phase and the hydrocarbon phase was maintained by vigorous
stirring.

Reaction feeds and products obtained were analyzed using a
HP-6890 gas chromatograph equipped with an HP-1 capillary
column, flame ionization and mass spectrometer detectors. Sulfur
analysis was aso carried out to determine the feeds and products
sulfur content using Horiba sulfur analyzer, SLFA-800.

Results and Discussion

Results of conversions to NK products for relevant model
naphthenes (MCP + MCH variable mixtures) and 1-hexene as a
hydrogen acceptor in the initia reaction runs are summarized in
Figure1.?

100 MCP cancentration wt% 0|55 5|10 -0
° Gasoline range pradudt, W% 66.8] 67.4] 62.0 5.2 | 556
% 80 NK range product, wt% 41.5]448]|54.9 5.6 560/ L 20 E
Q
Boo MCP / L0 3
- AN ¢
LCS 40 - + 60 ot
8 &
& 20 | 80
= X
0 : . T . ‘ . 100
0 20 40 60 80

Conversion, wt%

Figure 1. Conversion of MCP and MCH (variable compositions) to
naphthenic kerosene range components.

In addition, the table in the figure shows the contents of gasoline and
NK fractions (overlapped) in products obtained during the model
compounds reaction runs.

Similar (not optimized) runs were performed with refinery
naphtha feeds under similar process conditions.>* The chemical type
composition of the naphthas, summarized in Table 1, in generd,
indicated their potential suitability for use as feed in the NK process.
The only undesirable components were arenes, which undergo
undesirable reactions of sulfonation, and alkylation with olefins.
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Table 1. Distribution of naphtha components by chemical type

Component type HVN, wi% IVN,wt% LCCN, wt%
Olefins 00.0 00.1 39.2
n-Paraffins 19.6 33.6 01.6
Isoparaffins 195 325 335
Naphthenes 35.6 20.0 09.0
Arenes 25.2 132 16.6
Unidentified 00.1 00.6 00.1

Two reaction runs were carried out with the use of naphthene-
rich intermediate virgin (HVN) and heavy virgin (IVN) naphthas in
combination with olefinic (hydrogen acceptor) light catalytically
cracked naphtha (LCCN). The stoichiometric naphthenes/olefins ratio
for dehydrodimerization (DHD) reactions in the reaction mixture was
determined on the basis of detailed GC/MS analysis of these feeds.
The obtained conversions of the naphthenic components in naphtha
feedsto NK products, i.e., 25.3 wt% for HVN, and 14.9 wt% for IVN
were considerably lower as compared to the model compound runs.
Also, reduction in sulfur concentration by ~ 80 wt% was found.?

The comparison of the compositions of feeds and reaction
products obtained in these runs is summarized in Figures 2 and 3.*
Figure 2 shows the changes in (overlapped) gasoline (b.p. < 225 °C)
and naphthenic kerosene (b.p. > 150 °C) range product distributions
relative to the feed. The increase in the content of NK range products
obtained in the runs with HVN and VN was 15.3 wt%, and 16.7 wt%
respectively. It was mostly due to dehydrodimerization (DHD),
dehydrotrimerization (DHT), and dispersive alkylation of naphthenes,
and akylation of arenes.

O Gasolinerange W Naphthenic kerosene range

- 1004 — -12.0%
£ 80 1

g S 60 HVN + LCCN +15.3%
& % 40
fis 0
;100 -15.7%
s _ 80 IVN + LCCN
S 601
2 % 404 +16.7%
g 20 |
s 0 ‘

Feed Product

Figure 2. Comparison of the change of gasoline and naphthenic
kerosene range fraction distributions in feeds and reaction products
obtained in the refinery naphtha runs.

The comparison of feeds and products from the refinery naphtha
runs, in terms of chemical type distribution, were obtained by using
PIONA (n-paraffins, isoparaffins, olefins, naphthenes and arenes
distribution) analysis techniques.* The results obtained demonstrated
in Figure 3 show that the olefinic component of LCCN is highly
reactive under the process conditions as reflected by the high
conversion of olefins in the feed (92 wt% with HVN and 97 wt%
with IVN) in DHD, dispersive akylation of naphthenes, alkylation of
arenes, and dimerization.

The total increase in naphthenes was a result of their dispersive
alkylation, whereas the increase in branched paraffins was related to
hydrogen transfer to LCCN-derived olefin molecules and their
concurrent skeletal isomerization. The lower then expected
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o

Figure 3. Comparison of the change in different chemical type
component distributions in feeds and reaction products obtained
in the refinery naphtha runs.

conversions of the naphthenic components in these reaction runs in
combination with almost complete conversion of olefins can be
ascribed to the competitive reactions of akylation of arenes and
dimerization of olefins, which resulted in reduction of olefinic
hydrogen acceptors.

Reduction in concentration of arenes in the reaction mixture was
caused by their retention in the sulfuric acid phase.

Conclusions

Studies using model compounds and refinery naphthas have
shown the significant conversion of naphthenes to the naphthenic
kerosene type compounds simultaneously with an improvement in
desirable gasoline fraction properties.

Manipulation of process conditions, i.e., feed to olefin ratios,
and H,S0O, concentration, temperature, contacting time, etc., and feed
composition via cut selection and feed pretreatment, can be used to
control the conversion of naphthenes and the selectivity of the
process toward maximizing high performance naphthenic kerosene
products. Virgin naphthas high in naphthenes and low in aromatics
are the preferred feedstocks. Cracked naphthas high in olefins are the
preferred hydrogen acceptors.

Sulfuric acid is suitable as a catalyst and as a reaction medium
provided that aromatics in the feed are low. The sulfur content of the
refinery naphthas can be dramatically reduced under the process
conditions studied.
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Introduction

Deep desulfurization of petroleum-derived fuelsis nowadays the
most important technology in petroleum industry. Sulfur-containing
compounds in the fuels are converted to sulfur oxide, i.e. SOx, during
their combustion. Therefore, amounts of S-compounds were strictly
limited. For example, regulation of sulfur amounts in diesel fuelsin
Japan is 500 wtppm, and the value will be reduced to 50 wtppm in
2005 and 10 wtppm in 2008. Petroleum-refining and catalyst-making
companies, therefore, are trying to develop new and efficient
desulfurization processes and highly active catalysts.

In 1990s, an epoch making process was proposed, so-called,
oxidative desulfurization (ODS). ODS consists of two processes: the
former one is oxidation of sulfur-containing compounds in feeds and
the latter is removal of oxidized S-compounds from the feeds. ODS
has several advantages compared with a classica
hydrodesulfurization process: (1) reaction conditions are very mild
such as ambient pressures and temperatures, (2) there are high
potentials for desulfurization of sterically hindered thiophene
derevatives, and (3) expensive hydrogen is not required. Oxidants
examined were peroxyacetic acid, hydrogen peroxide-acetic or
formic  acids, hydrogen  peroxide-polyoxometalte, etc.!
Photoirradiation of DBT in the presence of sensitizer or catalyst
under molecular oxygen was also examined.? The authors are very
interested in oxidation with peroxy carboxylic acids, because
reaction proceeds rapidly and selectively. However, large scale-
storage and usage of peroxide are somewhat dangerous.

Transition metal-catalyzed co-oxidation of adehydes and
organic substrates with molecular oxygen may solve the above
problems. Co-oxidation of aldehydes and alkenes are well known,
and extensively studied by several authors. The reaction is believed
to proceed via two steps, autoxidation of aldehydes to peroxy acids
and oxidation of alkenes to oxyranes by peroxy acids produced in

situ (eq .1).2

Cat. Q
>=< + RCHO+ 0, ——» >u< + RCOOH (1)

Therefore, the authors examined the co-oxidation of aldehydesand S
containing compounds such as dibenzothiophene (DBT) by
molecular oxygen to develop a new system for deep desulfurization
of petroleum-derived fuels.

Experimental

Typical procedure for oxidation of model compounds was as
follows: A mixture of cobalt(ll) acetate (0.05 mmol), n-octanal (4
mmol), DBT (1 mmol), and benzene (10 mL) was tirred at 40 °C
under ambient pressure of oxygen. Time-profiles of DBT conversion
was monitored by gas chromatographic analysis.

Results and Discussion

A benzene solution of DBT was employed for model of diesel
fuels. A mixture of benzene, cobalt acetate, DBT, and n-octana was
stirred at 40 °C for 15 min under ambient pressure of oxygen, DBT
being oxidized to the corresponding sulfone in an aimost quantitative
y|e|d (eq 2, R:n'C7H15).

L) +oromo+20, 2
S + 2RCOOH (2
%

In order to check the stoichiometry of this reaction, the following
experiments were conducted: A benzene solution containing cobalt
acetate (0.05 mmol), DBT (1 mmol), and n-octanal (1 mmol) was
stirred at 40 °C for 15 min under oxygen, GC-analysis of the
products indicating formation of 1 mmol of n-octanoic acid and 0.5
mmol of DBT sulfone, and recovery of 0.5 mmol of DBT. In the
absence of either cobalt catalyst or aldehyde, the reaction did not
proceed and DBT was recovered amost quantitatively. These results
indicate that the stoichiometry of the reaction obey the equation 2.

Several metal salts and aldehydes were examined as catalysts
and sacrificial materials for this reaction, respectively, the results
being summarized in Table 1. This indicates that both cobalt(I)
acetate and chloride are the most suitable catalysts among the metal
salts employed and aliphatic aldehydes with 6-10 carbons and
benzal dehyde could be used instead of n-octanal.

Table 1. Oxidation of DBT with molecular oxygen in the
presence of several transition metal salts and aldehydes.

Conv. of

Metal salt Aldehyde DBT (mol%)
Co(OAC), n-octanal >99

CoCl, n-octanal >99
Mn(OAc), n-octanal >99
Ni(OAc), n-octanal 54

CucCl n-octanal 35

none n-octanal 0
Co(OAC), none 0
Co(OAC), n-hexana >99
Co(OAC), n-decanal 96
Co(OAC), benzaldehyde 93
Co(OAC), cinnamaldehyde 0

Then, the authors tried to desulfurization of commercial diesel
oil by this method. The commercial oil (100 mL) was treated with
cobalt acetate (0.1 mmol) and n-octanal (16 mmol) at 40 °C for 16 h
under oxygen. Oxidized S-compounds were removed from the feed
by adsorption with alumina. Concentration of sulfur could be reduced
from 193 wtppm (in the original feed) to <5 wtppm by these
treatments. The results may indicate that this brand-new ODS
process has a potential to meet a future regulation of sulfur in the
diesel fuel.
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Biodiesel, generaly classified as fatty acid akyl esters, has
become more attractive recently because of its environmental
benefits. Although biodiesel has been successfully produced
chemically at present, there are several associated problems to restrict
its development, such as glycerol recovery and removal of inorganic
salt. The disadvantages caused by chemica catalysts are largely
prevented by using lipases as the catalysts and enzymatic production
of biodiesel fuel has drawn considerable attention in recent years.

For large-scale production of biodiesel, the repeated use of
lipase is one of the major issues. In this paper, effects of some key
issues (such as temperature, alcohol/oil ratio, glycerol removal etc.)
on the enzymatic reaction during biodiesel production have been
studied and within the optimized conditions, lipase expressed good
stability in continuous batch operation in the production of biodiesel.

Effect of temperature, oil/alcohol molar ratio and by-product
glycerol were studied during Lipozyme TL IM-catalyzed continuous
batch operation when short chain alcohols used as the acyl acceptor.
In non-continuous batch operation, the optimal oil/alcohol ratio and
temperature were 1:4 and 40°C-50°C ; however, during the continuous
batch operation, the optimal oil/alcohol ratio and temperature were
1:1 and 30°C respectively; 95% of enzymatic activity remained after
10 batches when iso-propanol adopted to remove by-product glycerol
during repeated use of the lipase.

Effect of glycerol

Enzymatic transesterification of renewable oil with short chain
alcohols as acyl acceptor for biodiesel production has been studied
extensively in recent years. However, with these short chain alcohols
as the acyl acceptor, glycerol, as one of the major by-products, has
been demonstrated to have some serious negative effect on enzymatic
activity. During the repeated use, lipase lost its activity dramatically
which mainly due to the negative effect of glycerol.

Some hydrophilic organic (propanol, iso-propanol, butanol, tert-
butanol) have been tried to remove glycerol during the repeated use
of lipase and iso-propanol has been found to be the most effective for
glycerol removal.

Operational stability with glycerol removal by iso-propanol

The operationa stability of lipase with glycerol removal by iso-
propanol has been studied further in this paper and lipase expressed
good operationa stability. There was no observable loss of lipase
activity after 10 batches of continuous operation.

Effect of molar ratio of methanol / oil

It is well known that excessive short-chain acohols such as
methanol might inactivate lipase seriously. However, at least three
molar equivalents of methanol are required for the complete
conversion of the ail to its corresponding ME and effect of molar
ratio of oil/methanol has been studied comparatively during batch
and continuous batch operation.

In batch operation the highest ME yield (92 %) could be obtained
at methanol/oil molar ratio 4:1. Either higher methanol concentration
(5:1) or lower methanol concentration (3:1) would decrease ME yield
to some degree.

However, it has been demonstrated that during the continuous
process, lipase lost its activity dramatically at methanol/cil molar
ratio 4:1 and effect of methanol/oil ratio on enzymatic activity was
studied further in continuous batch operation. The optimal molar ratio
of methanol/oil was 1:1 in continuous batch operation, at which
lipase remained relatively high activity.

Effect of temperature

Effect of temperature on enzymatic transesterification of
soybean oil was examined at the range from 30°C to 50°C in batch
operation and high temperature resulted in relatively high ester yield.
However, it has also been found that when temperature is above
50°C, enzyme loses its activity dramatically. So in batch process, 40-
50°C isoptimal for enzymatic biodiesel production.

However, in continuous batch operation, it has been
demonstrated that higher temperature resulted in larger loss of lipase
activity and 30°C isoptimal by taking into lipase stability and activity
into consideration.

It has been demonstrated that temperature, methanol/oil molar
ratio and glycerol have varied effect on lipase-catalyzed
transesterification of soybean oil during batch and continuous batch
operation of biodiesel production. Within the optimized conditions,
lipase remained high activity after continuous batch operation which
demonstrates that enzymatic transesterification of renewable oil is
very promising for large-scale production of biodiesel.
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Introduction

Production of biodiesel from vegetable oil and animal fats has
drawn more and more attention because of the increasing awareness
of environmental pollution and short supply of fossil fuels. Presently,
the industrial-scale production of biodiesel is performed chemically,
using alkali as catalyst. However, there are severa problems with this
process, such as excessive methanol requirement, high energy
demanding, difficulties in glycerol recovery, disposa of fatty acid
akaline salts (soaps) creating other environmental concerns. Thus
enzymatic acoholysis of triacylglycerols (TAG) seems to be a
promising alternative because of its mild reaction conditions, easy
recovery of glycerol and being free of chemical wastes.

Several studies on lipase-catalyzed acoholysis of vegetable oils
and animal fats with primary and secondary alcoholsin a solvent or a
solvent-free system have been reported.* Owing to the toxicity and
flammability of organic solvents, and the easiness of product
recovery, enzymatic acoholysis in a solvent-free system is
preferable.

Immobilized Candida Antarctica lipase was found to be the
most effective for the methanolysis of oil and fats*® However, its
cost is prohibitively high for this purpose. In this paper, some efforts
have been made to explore the possibility to use a relatively cheap
lipase from Thermomyces lanuginosus, commercially called
Lipozyme TL IM for biodiesel production.

Experimental

Materials. Waste oil was provided by restaurant in South China
University of Technology, CRL (lipase from Candida Rugosa),
myristic acid methyl ester, palmitic acid methyl ester, steric acid
methyl ester, oleic acid methyl ester, linoleic acid methyl ester,
linolenic acid methyl ester and heptadecanoic acid methyl ester were
purchased from Sigma (USA), Novozym 435 (lipase from Candida
Antarctica), Lipozyme TL IM (lipase from Thermomyces
lanuginosus) and Lipozyme RM IM (lipase from Rhizomucor miehei)
were kindly donated by Novo Nordisk Co. (Denmark). All other
chemicals were obtained commercially and of analytical grade.

Reaction. The methanolysis of waste oil was carried out at 35°C,
130rpm using 10% immobilized lipase based on oil weight. The
four-step reaction was conducted as follows. The mixture of the
first-step reaction contained 10g of oil and 1:1 molar equivalent of
methanol. The second-, third- and fourth-step reactions were initiated
by adding 0.8:1 molar equivaent of methanol upon 90% conversion
of methanol to methy! esters.

Analysis. The methyl ester (ME) content in the reaction mixture
was assayed with a HP4890 gas chromatography equipped with a
HP-5 capillary column (0.53mmx15m) using heptadecancic acid
methyl ester as an internal standard. The column temperature was
hold at 180°C for 1 min, raised to 186°C at 0.8°C/min and kept for 1
min, then upgraded to 280°C at the rate of 20°C/min.

Results and Discussion
As shown in Table 1, Novozym 435, Lipozyme TL IM and

Lipozyme RM IM could al catayze the reaction effectively.
Lipozyme TL IM is the cheapest among them and was used for
further study.

Table 1 Effect of different lipases on methanolysis of waste oil

Enzyme ME Methanol
content(%) conversion(%)
Lipozyme TL IM 322 96.7
Lipozyme RM IM 324 97.3
Novozym 435 331 99.4
CRL 1.2 35

10g waste ail, methanol/oil molar ratiol:1, 10% lipase based on oil
weight, 130rpm, 40°C, 24h.

As can be seen in Figure 1, the conversion dropped sharply
when more than 1.5 molar equivalents of methanol were present
initialy in the oil mixture, suggesting the severe inactivation of the
enzyme. The lipase has been proved to be irreversibly inactivated by
transferring it into the fresh substrates (methanol/oil 1:1,mol/moal)
and following the methanolysis course, which was in good agreement
with Shimada’ s report.®
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Figure 1. Effect of methanol/oil molar ratio on methanolysis of waste
oil. 10g waste oil, 10% Lipozyme TL IM based on oil weight,
130rpm, 40°C, 30h. The conversion was expressed as the percentage
of methanol consumed for the formation of ester (when the molar
ratio of methanol /oil was less than 3), and as the ratio of methyl ester
to the oil (when the molar ratio of methanol /oil was more than 3).

The influence of enzyme quantity on the methanolysis of waste
oil was presented in Figure 2. It has been found that ME content was
increased by increasing lipase quantity up to 10% based on oil weight.
The conversion reached 24.7% after 12h reaction with 10% of the
lipase. Interestingly, only 22.7% of waste oil was converted to its
corresponding methyl esters in 12h in spite of the highest initial
reaction rate with 12% enzyme. This may be explained by the
observable aggregation of the immobilized enzyme at high concen-
tration (>10% based on oil weight), which led to a lower enzymatic
activity due to a higher mass transfer limitation.

Figure 3 shows temperature effect on the reaction. When the
temperature was below 40°C, the reaction could be improved by
raising temperature. Further increase in temperature, however,
resulted in alower ME content in the reaction mixture, indicating the
inactivation of the enzyme by high temperature, which was
confirmed by the low conversion of waste oil to methyl ester in the
case of reusing the enzyme for the conversion of fresh substrates
(methanol/oil 0.75:1, mol/mol) at 35C.
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Figure 2. Effect of enzyme quantity on methanolysis of waste oil.
10g waste oil, methanol/oil molar ratio 0.75:1, 130rpm, 40°C. [,
ester content upon 1h incubation; M, ester content upon 12h
incubation.
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Figure 3. Effect of temperature on methanolysis of waste oil. 10g
waste oil, methanol/oil molar ratio 0.75:1, 10% Lipozyme TL IM
based on oil weight, 130rpm. W,25C;®,30C;A,35C;A,40°C;
€ .45C;0O,50°C.

Enzymatic methanolysis of waste oil at different shaking speed
ranging from 100 to 220rpm was performed and the result showed
that there was no observable difference in ME content and methanol
was nearly completely converted to esters in 12h over the range from
130 to 180rpm. However, above 180rpm, little increase in reaction
rate was observed with further increase in shake speed, but less ME
was formed (only 22.1% in 12h at 220rpm). This was due to enzyme
inactivation by higher shearing stress as indicated by the low ME
content when the enzyme was reused for the methanolysis of fresh
substrates (methanol/oil 0.75:1, mol/mol) at 130rpm.

At least 3 molar equivalents of methanol are required for the
complete conversion of waste ail to its corresponding ME. The lipase,
however, will be significantly inactivated in a mixture with more than
1 molar equivalent of methanol. Hence, a stepwise adding of
methanol is necessary. The optimum substrate molar ratio
(methanol/ail) was found to be 3.4:1(data not shown). The typical
reaction time course was shown in Figure 4 (with total methanol/oil
molar ratio being 3.4:1). For the first-step reaction, 12h incubation
(methanal/oil 1:1, mol/mol) gave a 31.9% ME content. The second
step was initiated by adding methanol (with methanol/oil molar ratio
being 0.8:1) into the reaction system when the incubation has lasted
for 24h. The ME content reached 52.4% in 12h (tota 36h). Then
followed by the addition of the third batch of methanol (with
methanol/oil molar ratio being 0.8:1) at the end of the second step

which proceeded for 24h. The ME content reached 71.1% after
incubation for another 14h (total 62h). The fourth batch of methanol
(with methanol/oil molar ratio being 0.8:1) was added 10h later. The
conversion of waste oil to its corresponding ME was as high as
90.2% when the incubation went on for 96h, demonstrating the
effectiveness of Lipozyme TL IM, a lipase with 1,3-specificity, for
biodiesel production. Acyl migration from sn-2 to sn-1 or sn-3
position might account for this. The similar phenomenon has aso
been observed by some other researchers.” To shorten the reaction
time, the four-step procedure was modified as follows: the reaction
was initiated by adding 10% immobilized enzyme (based on oil
weight) into a mixture of methanol and oil (1:1, mol/mal), followed
by feeding methanol three times (methanol/oil 0.8:1, mol/mal) at 12h,
24h and 38h, respectively. This four-step process converted more
than 90% of the ail to its corresponding methyl esters.
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Figure 4. Reaction time course for methanolysis of waste oil. 10g
waste oil, 0.38g methanol (methanol/oil molar ratio 1:1), 10%
Lipozyme TL IM based on oil weight, 130rpm, 35°C. Methanol was
fed three times (0.30g each) upon incubation for 24, 48 and 72h as
indicated with arrows.

Conclusion

Immobilized enzyme from Thermomyces lanuginosus,
commercialy called Lipozyme TL IM showed high activity in
methanolysis of waste ail. A four-step process with stepwise feeding
of methanol was efficient for the conversion of waste oil to its
corresponding methyl esters and so are potentia for biodiesel
production from waste oil.
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Introduction

We recently reported some extraordinary results in the
hydrodesulfurization of alight gas oil (LGO) [1]: At low conversion
(around 50% sulfur removal) the catalyst activity appeared to be
independent of the H, pressure. This is very uncommon, as most
studies in fixed bed systems at high conversion (>95%) or in
autoclave reactors report a first order dependency between activity
and H, pressure. To understand the behavior at low conversion we
must realize that in a flow reactor, the partial pressure of gas-phase
inhibitors (like H,S) scales linearly with the total pressure according
to Eq. 1. Here, V,, is the molar volume at standard conditions (0.024
m¥mol), Ms the molar mass of sulfur (0.032 kg/moal), p the total
pressure, HTO the hydrogen-to-oil ratio, p_ the liquid feed density
(kg/m?), [S] the mass fraction of sulfur in the feed, and X the level of
sulfur conversion.

V—LpL[%]X (Eq. 1)

— m
Phzs Mg HTO
This means that when the total pressure in the trickle bed reactor
is increased and the conversion level remains the same (as in the
LGO case) the H,S partial pressure increases correspondingly. When
the inhibiting effect of H,S is of the same magnitude as the
accelerating effect of the H, pressure, both effects will cancel out,
and the reaction rate does not change. Obviously the temperature has
no effect as both total pressure and “dilution rate” (HTO) do not

change.
= OO
S
lkHDA
S

Figure 1. Simplified reaction network for the hydrodesulfurization
of dibenzothiophene, adapted from [2].

The question remains why this strong H,S inhibition only
manifests itself at low conversion. A logical explanation may be
found in the composition of the LGO feed: It contains a relatively
high amount of sulfur (8445 ppmw), of which a large fraction
consists of dibenzothiophene (DBT) and its mono-substituted
analogues. These components exhibit low steric hindrance and are
easily converted, mainly by the direct desulfurization route (DDS,

: Corresponding author, email: A.D.vanLangevel d@tnw.tudelft.nl

see Fig. 1). At high conversion levels (>95%) the rate is fully
controlled by the desulfurization of di-substituted DBTs [3]. These
compounds are essentially converted by the prehydrogenation route
(HYD), asthe DDSroute is retarded due to steric hindrance. The fact
that H,S inhibits the DDS route much stronger than the HYD route
completes our hypothesis for the LGO HDS pressure independence at
low conversion. In order to test this hypothesis we have performed
several DBT HDS experiments under various process conditions
upon different catalyst pretreatments.

Experimental

A model NiMo catalyst supported on y-Al,Oz containing 10
wt% MoO; and 2.5 wt% NiO was prepared by pore volume
impregnation. The catalyst was calcined, then crushed and sieved
before testing. Steady state experiments were performed in a
microflow trickle bed reactor using 4 grams of catalyst (250 — 500
pm) diluted with SIC particles (200 pm) to ensure proper
hydrodynamic behavior. The catalyst was sulfided in-situ in the gas
phase using 10 vol% H,S in H, a 60 mli/min, 400°C and 1 atm.
during 2 hours. The feed consisted of 0.2 wt% DBT and 0.2 wt% n-
Cyg (interna standard) in n-Cy. Samples were taken after 5 hours
stabilization time and one hour later (as duplo). Batch experiments
were done in a 200 ml swinging-capillary autoclave reactor using
200 mg of catalyst (150 — 250 um). The same sulfiding procedure
and feed composition as in the flow reactor was used. In one
experiment 700 mg of copper powder was added as H,S scavenger.
This is a proven method to remove al H,S produced during the
reaction [2]. A blank run (without catalyst) confirmed that copper
alone had negligible catalytic activity. Samples were analyzed using
a GC with FID detector.

Results and Discussion

The effect of H, pressure on the DBT HDS activity is shown in
Figure 2. The overal HDS rate constant shows a very weak
dependency on H, pressure, just like in the LGO case we reported
previously. Moreover, when we decompose the total activity into the
specific rate constants for the DDS and HYD route (assuming
constant selectivity, i.e. kypa = 0) we clearly see that the DDSrate is
zero-order in pressure, whereas the HY D rate is perfectly first order.
This implies that the DDS route is strongly inhibited by self-
produced H,S, and the HY D route shows no measurable inhibition.
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Figure 2. Effect of H, pressure on DBT HDS (microflow reactor,
225°C, LHSV = 2.4 h'l, HTO = 588 nl/l).

At a constant H,S partial pressure (0.2 bar) the picture changes
dramatically (Fig. 3). The DDS route now shows a perfect first order
fit, as well as the HYD route. Both rates are lower due to inhibition
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by H,S. Taking into account that this experiment was conducted at a
50°C higher temperature and the activation energy was found to be
about 75 kJmol, the DDS rate constant at 30 bar decreased by a
factor of 10 and the HY D rate constant by a factor of 2. This proves
that indeed the DDS route is much more sensitive to H,S inhibition
than the HY D route.
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& 0.006 - a  DDS activity
E
<z
0.004 -
HYD activity
0.002 -
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Figure 3. Effect of H, pressure on DBT HDS at constant (0.2 bar)
H,S partial pressure (microflow reactor, 275°C, LHSV =24 h
HTO =588 ni/l).

In a previous paper [4] we have shown that during the HDS of
thiophene in the gas phase, the state of the catalyst active phase, viz.
the number of exposed Mo or Ni atoms (;sulfur vacancies;) changes
as a result of the different conditions during presulfiding and
reaction. When we look at the effect of catayst pretreatment on the
liquid phase DBT HDS (Fig. 4) we see that the total HDS activity
(kops + kyyp) does not change, but the selectivity (HYD to DDS)
does change. Apparently a H, treatment before reaction reduces the
number of HYD sites and evenly increases the number of DDS sites.
This can be explained when a H, treatment, analogous to gas phase
thiophene HDS, creates sulfur vacancies on the catalyst active
surface by removing sulfur and/or SH groups. These acidic groups
are involved in the HYD reaction pathway, and the sulfur vacancies
areresponsible for the direct sulfur abstraction (DDS).
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Figure 4. Effect of H, pretreatment and H,S removal on the DBT
HDS rate constants (batch autoclave, 350°C, 50 bar).

When al self-produced H,S is removed from the system by
copper powder, we observe a tremendous increase in DDS activity.
This again proves the high sensitivity of the DDS sites to sulfur

inhibition. The rate of HDA increases accordingly, so it appears that
the same type of sites catalyzes the HDA reaction. The reactants and
H,S are competitive adsorbents on the vacant sites, which can also
explain the perfect first-order fit in DBT conversion when self-
produced H,S is not removed. Apparently the adsorption effects
normally observed (Langmuir-Hinshelwood kinetics) cancel out.
Based on our observations we propose the following rate equation for
the DDS route (Eq. 2).

I(H DSCDBT pH2

= (Eq. 2)
1+ KDBTCDBT + KHZS pHZS + KH2 pHZ

r.DDS

Here we assume that H, dissociation occurs on the same sites as
the DDS reaction, which is not unlikely as these sites (vacant Mo or
Ni atoms) apparently catalyze the HDA reaction as well. When the
adsorption constants Kpgr and Ky,s are approximately equal, the
number of vacant sites does not change during reaction and pseudo
first-order kinetics are observed. When H,S is removed, the
adsorption of DBT becomes significant and the reaction rate will
deviate from the first order model (as was the case in the experiment
with Cu addition). Furthermore, when Ky, is small compared to Kpgr
and Kyy,s the reaction also becomes first order in hydrogen pressure,
as was observed in our microflow experiments. Also the apparent
order in pyos becomes —1, which cancels out against the first order in
pn2 in a flow reactor (without H,S addition), in full agreement with
our DBT and LGO HDS results. The HYD route shows very little
inhibition, which implies the role of H,S as competitive adsorbent is
small. Possibly, at high H,S concentrations, the HDS of the
prehydrogenated DBT molecules becomes a limiting factor.

Conclusions

In the hydrodesulfurization of high sulfur-containing oil streams
(e.g. LGO) inhibition by self-produced H,S plays an important role.
The major fraction of sulfur compounds in these streams consists of
dibenzothiophene and its mono-substituted analogues, which are
mainly converted by the direct desulfurization (DDS) route. At low
conversion this leads to a zero-order behavior in hydrogen pressure,
because in a flow reactor the partial pressure of gaseous reaction
products (in particular H,S) scales linearly with the total pressure,
and the DDS route exhibits a very strong inhibition by H,S.

The effect of H,S partial pressure on the catalytic performance
is two-fold: The H,S/H, ratio may alter the balance between DDS
sites (sulfur vacancies) and HYD sites (SH groups) on the catalyst
active phase. Secondly, H,S competes very strongly with reactants
for adsorption on vacant sites, thus inhibiting the DDS reaction. The
effect on HYD activity is much smaller, and may be due to inhibition
of the second step in this pathway; the HDS of prehydrogenated
species. All experimental observations can be explained by a
Langmuir-Hinshelwood kinetic model in which Ky, << Kpgr ~ Kpzs.

Acknowledgement. AKZO Nobel Chemicals, the Netherlands,
and the Dutch Organization for Scientific Research (NWO) are
gratefully acknowledged for financial support.

References

[1] Vogelaar, B.M.; Gast, J.; van Langeveld, A.D.; Eijsbouts, S.; and
Moulijn, JA. Prepr. Pap. - Am. Chem. Soc., Div. Petr. Chem., 2002, 47
D.

[2] Farag, H.; Mochida, |.; and Sakanishi, K. Appl. Catal. A - Gen., 2000,
194-195, 147-157.

[3] Vradman, L.; Landau, M.V.; and Herskowitz, M. Catal. Today 1999, 48,
41-48.

[4] Vogelaar, B.M.; Steiner, P.; van Langeveld, A.D.; Eijsbouts, S.; and
Moulijn, JA. Prepr. Pap. - Am. Chem. Soc., Div. Petr. Chem., 2002, 47
).

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2003, 48(2), 549



INHIBITING EFFECTS OF BASIC NITROGEN ON
DEEP HYDRODESULFURIZATION OF DIESEL

Uday T. Turaga, Gang Wang, Xiaoliang Ma, and Chunshan Song*

Clean Fuels and Catalysis Program, The Energy Institute and
Department of Energy and Geo-Environmental Engineering,
The Pennsylvania State University, University Park, PA 16802
*Corresponding author. E-Mail: csong@psu.edu

Introduction

The subject of inhibition of hydrodesulfurization (HDS) activity
has been studied extensively [1] and some of the key inhibitors
include aromatics, nitrogen-containing compounds, hydrogen sulfide,
saturated hydrocarbon solvents, ammonia, and even water. Of these,
nitrogen-containing compounds were identified as having the most
severe inhibiting effect [2]. Atmospheric gas oil, which is frequently
used as a diesel feedstock, typically, contains nitrogen compounds
70% of which are non-basic (e.g., carbazole type) while the rest are
basic (e.g., quinoline type). Light cycle oil, a feedstock used for
diesel and thermally stable naphthenic jet fuels [3, 4], contains much
higher nitrogen, predominantly non-basic in nature [5]. Diesel and
some jet fuel feedstocks, therefore, have enough nitrogen species to
significantly influence deep HDS.

Nitrogen's effects on HDS catalytic activity could become all
the more important because the U.S. Environmental Protection
Agency requires that diesel in 2006 have sulfur content no more than
15 wppm [6]. Sulfur removal to such depths will require knowledge
of the influence of non-sulfur diesel fuel components on deep
hydrodesulfurization.  Furthermore, the reactivity of nitrogen-
containing heterocompounds is much lower than those of
polyaromatic sulfur compounds (PASCs) [7]. Therefore, nitrogen
compounds will be present in appreciable quantities even at very low
sulfur levels and could significantly influence the deep HDS of
PASCs.

Severa researchers have clearly established the inhibiting effect
of basic nitrogen compounds on the HDS of thiophene and
dibenzothiophene (DBT) [8, 9]. However, thereislittle literature on
the effects of quinoline and tetrahydroquinoline (THQ) specifically
on the HDS of DBT and 4,6-dimethyldibenzothiophene (4,6-
DMDBT). The present work evaluates the inhibiting effects of THQ
and quinoline on a commercial Co-Mo/y—Al,O3 hydrodesulfurization
catalyst. This extends our previously reported studies on novel HDS
catalysts [3, 10-13].

Experimental

All catalysts were evaluated in alaboratory-scale fixed-bed flow
reactor which has been described elseawhere [12]. The catalyst
evaluation conditions used in this project are summarized in Table 1.
All catalysts were sulfided in situ at uniform conditions. A typical
model compound feedstock contained 1500-2000 wppm of sulfur in
the form of 4,6-DMDBT and DBT dissolved in hydrocarbon solvents
such as n-dodecane (n-Cy,) or n-tridecane (n-C3). These feeds were
spiked with either quinoline or THQ in amounts such that the total
nitrogen content was 250 ppm. The liquid reaction products were
characterized using a Hewlett Packard 5890 Series Il gas
chromatograph coupled with flame ionization (FID) and flame
photometric detectors (FPD).

A Co-Moly-Al,O; commercial catalyst supplied by Criterion
Catalyst Corporation, Houston, TX, was used for this study. This

catalyst is referred to in this study by its trade name, C-344. A
typical catalyst evaluation experiment used 1 g of the catalyst. All
catalysts evaluated in the flow reactor were particles of 0.5-1.0 mm
in diameter.

Tablel. Flow Reactor Experimental Conditions.

Catalyst Sulfidation
Temperature 350°C
10% H,S in H, (vol.%) flow rate 200 ml/min
Time 4 hours

Deep HDS Reaction
Temperature 240-350 °C
Pressure 660 psi
Weight Hourly Space Velocity 1-8h-1
Hydrogen/Hydrocarbon 300 ml/ml
Catalyst particle size 0.5-1.0 mm (18-35 mesh)
Catalyst weight 1g

Results and Discussion

Figure 1 shows the conversion of 4,6-DMDBT with and without
the presence of quinoline and THQ. Similarly, Figure 2 presents
conversion datafor DBT. It isclear in both cases that the conversion
of the PASCs is inhibited by both quinoline and THQ. However,
inhibition by THQ is significantly more in comparison to that by
quinoline. At higher temperatures, the inhibiting effects of quinoline
on the HDS of 4,6-DMDBT are magnified. Nevertheless, quinoline
continues to be weaker inhibitor in comparison to THQ.

A potential explanation for the differences in inhibiting effects
shown by quinoline and THQ lies in their basicities. The aqueous
phase pKa values of quinoline and THQ are 4.9 and 5.0, respectively
[13]. The pKa values provide an indicator of the proton affinity
tendencies of these molecules. Clearly, THQ has a marginally higher
proton affinity than quinoline. Therefore, THQ could be expected to
have a stronger tendency to adsorb and deactivate adsorption sites on
the commercia catalyst surface. Although it is recognized that under
the conditions in which HDS occurs, the molecules might be in gas
phase, it is instructive in evaluating the agueous phase to draw
preliminary trends.

Determining the influence of quinoline and THQ on the HDS of
PASCs is an important problem because of the characteristics of the
hydrodenitrogenation of quinoline, which might be present in
significant quantities at the low sulfur levels required by new
specifications. The hydrodenitrogenation of quinoline takes place
through one of two pathways. The first produces decahydroquinoline
and propylcyclohexylamine as intermediates, while the second
results in THQ and o-propylaniline.  Both pathways lead to
propylcyclohexane, which is the main product of the
hydrodenitrogenation of quinoline.

Earlier studies on quinoline hydrodenitrogenation had suggested
that the pathway forming THQ and o-propylaniline was negligible
[13]. However, over phosphided Ni-Mo catalysts, Jian and Prins [14]
have shown that this is not the case. They found that in the
temperature range of 350-370 °C, about 35-40% of the
hydrodenitrogenation of quinoline occurs through the pathway
forming THQ and o-propylaniline as intermediates.

The results of the present paper suggest that if more of quinoline
is converted through the pathway producing THQ as an intermediate,
the THQ formed as an intermediate might further magnify the
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inhibition of the overall HDS reaction. Therefore, the results
presented in this paper quantifying the extent and difference of
inhibition caused by quinoline and THQ are an important step
towards further understanding of the inhibiting effects of nitrogen on
deep hydrodesulfurization of diesel feedstocks. (9 pt)

Conclusions

The inhibiting effects of quinoline and THQ were evaluated for
the HDS of PASCs, namely DBT and 4,6-DMDBT. Both forms of
basic nitrogen were found to inhibit the HDS of both PASCs. THQ,
however, had a larger inhibiting effect in comparison to quinoline.
The origin of this higher inhibiting effect is tentatively attributed to
the former's marginally higher proton affinity. The effect of
nitrogen-containing compounds on the deep HDS of diesd
feedstocks is a critical problem because with ultraslow sulfur
specifications, the concentration of nitrogen will become high
enough to influence the overall HDS reaction. Therefore, a better
understanding of nitrogen compounds and the intermediates formed
during their decomposition (e.g., THQ which is formed during the
hydrodenitrogenation of quinoline) on HDS is required, towards
which this paper makes an important contribution.
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Figure 1. HDS of 4,6-DMDBT with and without basic nitrogen compounds.
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Introduction

Deep hydrodesulfurization (HDS) of diesel fuel is an important
research area due to increasingly stringent environmental regulations
for the sulfur content in fuel (1). The sulfur level in diesel fuel will
have to be reduced from the present 500 ppmw to 15 ppmw by 2006.
Therefore, the studies on deep hydrodesulfurization of diesel fuels
are being conducted by many research groups with various methods
(1-4).

Sulfur compounds remaining in the current commercial diesel
fuel are alkyl dibenzothiophenes (DBTs), especially those with one
or two alkyl groups at the 4- and 6-positions. These alkyl DBTs have
been reported to be the refractory sulfur compounds in diesel fuel
(2,3), in which 4,6-dimethyl-dibenzothiophene (4,6-DMDBT) is a
typical refractory sulfur compound. HDS of DBTs generally
proceeds through two reaction pathways, hydrogenation and
hydrogenolysis pathways (4,5). In our previous study (6), we found
that hydrogenation pathway was much more dominant than
hydrogenolysis pathway in HDS of 4,6-DMDBT, and the reaction
pathways of 4,6-DMDBT can be described as shown in Figure 1.

Figure 1. Schematic diagram of 4,6-DMDBT reaction pathways.

Diesel fuel and gas oil contain considerable amounts of aromatic
and nitrogen compounds, which may affect the hydrodesulfurization
reaction rate. The reported studies on effect of aromatic compounds
on the reaction pathways of 4,6-DMDBT were limited in the
literature and some privous results are still debated. Some researchers
reported that the addition of aromatic compounds led to a significant
negative effect on the rate of HDS, though others showed a slight
inhibition of aromatics toward HDS (7). In this study, effect of
aromatic compounds on HDS of 4,6-DMDBT were examined
kinetically using the method that was developed in our previous
study (6).

Experimental
4,6-DMDBT was used as the model sulfur compounds in the
present study was used. The feed for each run contained 0.05g of 4.6-

DMDBT and 4.00g of decalin as solvent. In order to examine the
effect of aromatic compounds on HDS of 4,6-DMDBT, an equimolar
amount of 1-methylnaphthalene (1-MN) and 4,6-DMDBT (or 0.74
mol of fluorene and 1.00 mol of 4,6-DMDBT) were added into the
feed. The reactions were carried out in 25-mL, horizontal micro-
reactor agitated at 200 strokes/min in a fluidized sand bath at the
reaction condition of 300°C and 300psi H, pressure. Gas
chromatography with a FID detector was used for quantitative
analysis of products. GC-MS and some standard samples were used
for identification of products.

Two commercial catalysts from Criterion, Cr344 (CoMo/Al,O;3)
and Cr424 (NiMo/Al,0s), were used after presulfidation with 10
vol % H,S in H, at a flow rate of 200 ml/min, 350°C for 4 h. After
presulfidation, the catalysts were stored in decalin before use in order
to minimize oxidation.

Results and Discussion

In order to get better kinetic data, the conversion of 4,6-
DMDBT was kept below 20%. The main products from 4,6-DMDBT
HDS were HDMDBT (hydrodimethyldibenzothiophene), MCHT
(methyl cyclohexyltoluene). In addition, DMDCH
(dimethyldicyclohexyl) was also detected at high conversion. During
HDS of 4,6-DMDBT, the main products from 1-methylnaphthalene
(1-MN) hydrogenation were 1-methylteralin (1-
methyltetrahydronaphthalene) and S-methylteralin (5-
methyltetrahydronaphthalene). Hexahydrofluorene was a dominant
product from hydrogenation of fluorine.

In general, HDS of individual sulfur compound follows the
pseudo-first-order kinetics, thus:

In(Cpmper /Compero) = - (ki +ky)-t (1)

where k; is the pseudo first-order rate constant for the hydrogenation
pathway, and k; is the pseudo first-order rate constant for the
hydrogenolysis pathway. The value of (K;+kp), the overall rate
constant, can be calculated from experimental data. Figure 2 and 3
show the pseudo first order kinetic profiles of 4,6-DMDBT HDS in
the presence and absence of aromatic compounds over CoMo and
NiMo sulfide catalysts. The overall rate constants calculated on the
basis of the experimental data are shown in Table 1.

Based on the results, the presence of 1-MN reduces significantly
the HDS rate of 4,6-DMDBT. For the CoMo sulfide catalyst, the
overall rate constant of 4,6-DMDBT decreases from 44.15x107s”
'g-cat! in the absence of 1-MN to 33.90x107%s g-cat™! in the presence
of 1-MN, and for NiMo sulfide catalyst, from 117.21x10°5 s”'g-cat
to 76.22x10°5 s'g-cat™’. It was found that fluorene shows a much
stronger effect on the overall rate constant than 1-MN. The overall
rate constant in the presence of fluorene is 21.59x107 and 56.71x10"
5 s'gcat! for the CoMo catalyst and the NiMo catalysts,
respectively. Koltai and coworkers reported the effects of aromatic
compounds, including anthracene, phenanthrene and fluorine, on 4,6-
DMDBT over NiMo sulfide catalyst at 300°C and 725 psi (7), They
reported that there is no significant effect of the coexisting
anthracene and dihydroanthracene on HDS of 4,6-DMDBT, even the
concentration of anthracene and dihydroanthracene is 7 times higher
than that of 4,6-DMDBT, while there is significant effect of the
coexisting phenanthrene and fluorine on HDS of 4,6-DMDBT. Our
result about the effect of fluorine is consistent with the result from
Koltai and coworkers.

In this study, the individual rate constants for each reaction
pathway were calculated by using the method suggested in our
previous work (6). In this method, the ratio of ky/k, was calculated by
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the ratio of the initial selectivity of primary products, as shown
below:

ki _ [Initial Selectivity of HDMDBT]
Kk, [Initial Selectivity of DMBP]

@

Individual rate constants were calculated in combination of Ki/K,
and (ky+ky) values. Table 1 lists the calculated rate constants for each
reaction pathway with and without the presence of aromatic
compounds. For the CoMo catalyst, the presence of the aromatic
compounds degrades the rates for both hydrogenation pathway and
hydrogenolysis pathway. For the NiMo catalyst, the presence of the
aromatic compounds degrades slightly the rate for hydrogenolysis
pathway, but degrades strongly the rate for hydrogenation pathway.
The decrease of ky/k; in the presence of the aromatic compounds was
observed, indicating that these aromatic compounds have more effect
on hydrogenation pathway than on hydrogenolysis pathway. The
different effects of the aromatic compounds on the two pathways,
especially over the NiMo catalyst, imply that the hydrogenation and
hydrogenolysis might occur at different active sides, and the decrease
of the catalytic activity of the NiMo catalyst by the aromatic
compounds is probably due to a competitive adsorption between the
aromatic compounds and 4,6-DMDBT for the active sites of
hydrogenation.

Conclusions

In this study, effects of the aromatic compounds on HDS of 4,6-
DMDBT were investigated kinetically. The presence of 1-MN and
fluorene affects significantly on HDS of 4,6-DMDMBT at the
reaction conditions of 300°C and 300 psi. The change in the ratio of
ki/k, indicates that the aromatic compounds have more negative
impact on the hydrogenation pathway than on hydrogenolysis
pathway. From a comparison of the two aromatic compounds,
fluorene is a stronger inhibitor than 1-MN.
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Figure 1. The effect of aromatic compounds on HDS of 4,6-DMDBT
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Figure 2. The effect of aromatic compounds on HDS of 4,6-DMDBT
over NiMo sulfide catalyst.

Table 1. Kinetic Resultsfor the Effect of Aromatic Compounds
on Hydrodesulfurization of 4,6-DMDBT

Rate constant (107 s™! g'cat'l)

Inhibitor None 1-MN Fluorene
kyt+ky 44.15 33.90 21.59
CoMo ky/ks" 2.26 222 1.79
Sulfide Ky 30.60 23.38 13.85
ko 13.55 10.50 7.73
ky+ko 117.21 76.22 56.71
NiMo k/ko! 5.36 3.66 2.65
Sulfide Ky 98.77 59.85 41.17
ko 18.44 16.37 15.54

?ky/ko = [Initial selectivity of HDMDBT]/[Initial selectivity of DMBP]
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Introduction

In recent years, much attention has been focused on the deep
hydrodesulfurisation (HDS) of diesel fuel oil because environmental
legislation has become more and more strict. Then it becomes more
important to estimate the reaction temperature correctly to meet the
target of sulfur at various conditions using various feedstocks.
Because too deep desulfurisation makes the catalyst life shorter than
producing correct target sulfur diesel”, determining the accurate
corrected WAT (weight average temperature) is very important for
the management of the diesel production and the catalyst life span.

It is well known that corrected WAT is used to evaluate the
catalyst life. And WAT is a function of the operation condition
factors such as temperature, LHSV, Hydrogen pressure, Hydrogen-oil
ratio and of the feed properties. Operation condition factors can be
normalized from the formula based on n-order (pseudo) reaction and
Ahrrenius plots through tuning the constant. These operation factors
can be changed independently using pilot tests, however, it is almost
impossible with a real feed to vary just one property independently.
Therefore, the suitable selection of key factors of feed properties
might be difficult using real feed.

The formula of the corrected WAT normalized to the standard
from various feed properties was made by trial and error method
somehow, using the factors chosen by the information of literature?.
However, we still need a convenient way to evaluate the validity of
the chosen factors.

Recently, datamining methods tend to be used more commonly
in data processing field. Datamining is one of the technologies for
building knowledge-based systems by inductive inference from
examples. Therefore, it can also be the method to search the valuable
information from large data sets. In dataming methods, the
classification analysis called ID3 (Iterative dichotomiser) is
applicable.

ID3 algorithm was suggested by J.R Quinlan® and extended to
deal with numerical values”. Using entropy of information that
shows the degree of chaotic state, ID3 establishes the importance of
the factor automatically.

Then ID3 was applied to evaluate the validity of the chosen
factors from various feed properties for the corrected WAT
normalized to the standard.

Experimental

Catalyst and Pretreatment. 100cc of commercial catalyst of
CoMo type catalyst was filled in a high-pressure micro-flow reactor.
Before the evaluation of SRLGO, the catalyst was presulfided in situ
at 250 °C for 2h and then 300 °C for 2h in stream of a dimethyl-
disulfide/SRLGO/hydrogen mixture (sulfur content, adjusted as
2.5wt%).

Pilot Test. Pilot tests were carried out using high-pressure
micro-flow reactor. The temperature of the catalyst bed was kept
constant to avoid temperature difference over the catalyst bed by
heater blocks. Thermocouples were located in the center of the
catalyst beds. In these range of the operation conditions, the results of
sulfur content of the product were from 500 to 5 ppm.

Analysis of feeds and products. Six kinds of straight run light
gas oils (SRLGO) from Middle East crude were tested in high
pressure flow reactor. The various properties of feedstocks were
measured as shown in Table 1.

The sulfur content of product was also measured. The product
oils were stripped by nitrogen to get rid of the H,S in the liquid
before the measurement.

ID3 data analysis. ID3 software package were used for the
analysis of the data of pilot tests (XpertRule (Lascombe and
Company, Ltd.)). Figure.l shows the algorithm of ID3. A
classification rule was expressed as a decision tree. The relationship
between object Item A and attribute Items X, Y, Z were examined
using the entropy of information. As step 0 shows, the entropy of the
object item (I) was calculated. Next object item is divided according
to the attribute items, and each entropy (E (X, Y, Z)) was calculated
as step 1 shows. Then the subtract values of I — E (X, Y, Z) were
information gains. And the largest information gain means that the
information becomes less chaotic. Then, Item X was selected as first
attribute and this routine was reiterated. In this way, ID3 can select
the simplest decision tree.

Definition for entropy of information

Entropy E,= Y. p.Q.-plog, p)
p,: Probability for all data, p; : Probability for each case(i)

AtStep0, Y.p,=1 , E,=I()=),-plog,p
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Figure 1. Outline algorithm of ID3(Iterative Dichotomiser).

Results and Discussion

Operation condition factors can be corrected independently,
because each operation factor can be changed independently using
the same feed stocks. It is well known that corrected WAT is used to
evaluate the catalyst activity and its deactivation rate. The reaction
temperature under the normalized conditions can be calculated as
follows (Ahrrenius eq.1, n-order reaction eq.2, hydrogen-oil ratio
eq.3, hydrogen pressure eq.4).

Ea Ea
Ink=InA-——,Ink"=1n A- .1
" " RT " g RT" (eat)

LHSV 1 1
k= -— .2
- x[spn-, S] (eq2)
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k'=kx( (eq3)

Hoil Ratiop "
Hoil -Ratiog

K'=exp(Ink')x (:—Z)ﬁ (eq4)

In Fig.2, the actual WAT and corrected WAT standardized at a
certain operation condition were shown. After the normalization of
operation condition factors, the data scattering range becomes small.
However, the scattering is still above 15 °C difference, depending on
the properties on the kind of feed.

@ Actual WAT
< Corrected WAT
r (operation condition factors) oo
LM Corrected WAT

Base+20 | (operation condition and feed properties factors)

WAT(°C)

Base+10

Base

0 1000 2000 3000 4000 5000 6000

Accumlative amount of feed charge / volume of catalyst (kL/m3)

Figure 2. Actual and Corrected WAT for HDS reaction.

The WAT during the deep desulfurisation of the gas oil could be
regarded to increase linearly with time on stream as shown in some
literature”. When LHSVs were changed, accumulative amount of
feed throughput per catalyst volume should be better to use instead of
time on stream, to evaluate the deactivation pattern of catalyst.

Recently the inhibition of HDS reaction by nitrogen compounds
was evaluated®. Especially the basic nitrogen compounds are
thought to have the strongest effects to HDS reaction.

Moreover, it is well known that the heavier sulfur compounds
(Dibenzothiophene (DBT) type sulfur compounds, especially 4,6-
substituted DBT) has a lower activity than lighter sulfur compound
such as benzothiophene type sulfur compounds.

Therefore, the following factors of feed properties were chosen
for WAT normalized feed properties as eq.5 shows. "SpGr" is density
of feed stocks and it is also used for reside hydrodesulfurization
reaction. "Base N" is the content of basic nitrogen (Potentiometric
titration). And "T90" is the temperature of 90% distillation (ASTM
D-86), which means how heavy the feed is.

Then the trial and error method was used to determine the
constant value of a, b, ¢ (eq.5).

HO b BN e Yy (eqs)

SGr BaseN T90

As deactivation pattern was regarded to be linear line, the least square
method was applied and the standard deviation of all data was
minimized changing each constant values. In this way, the values of
constants were determined, and the results of normalization of feed
properties are shown in Fig.2 Then, the difference from the linear line
calculated by the least square became around 4 °C and much smaller
than the one normalized only operation condition factors.

As described above, corrected WAT for feed properties was
obtained. However, there is still the question whether the factors of
feed properties chosen for normalization of the WAT are the best or
not. To evaluate the validity of the chosen factors, ID3 method was

InA'=ln A+a-In(

used. Each difference between the data of corrected WAT normalized
operation condition factors and the calculated deactivation line was
examined.

Therefore, the data of subtraction from the diamond plot (¢) to
the line in Fig.2 is the object item "A" and, "A" is examined by the
feed properties factors, items "X, Y, Z ........ ". Operation factors are
also used to convince that the normalization of them is. The one
applied method is ID3, and the other is the correlation coefficient for
the analysis. However, object item "A" should not be continuum but
step number for the ID3 analysis. Then subtraction was classified per
2°C.

Table 1 shows the results of the analysis. The effective factors
for classification were arranged in order of increasing entropy (Class
I to XII), using ID3 method. Clearly, the smaller the entropy, the
more effective the factor is. However, in order to select the valid
factors, they should be independent of each other. Therefore, the
correlation coefficient analysis was also used, and the factors which
have a coefficient above 0.8 are shown as the same pattern-code.

Table 1. TheResultsof ID3 and Correlation Coefficient.

Ranking of etropy | ¢tective factor for dassification
(step 1, E(X,Y..))

| Type of feed . I_ .
1] Density Nitrogen Basic nitroger . . .
11 Saturate 1-ring Aroma. [T50VOL%. [T60VOL%. [T70VOL%. |Viscosity
[\ Feed Sulfur  |[T80VOL%.. [T90VOL%... [T95VOL%... |EP. .
vi amount of feed

VI (WAT

IX LHSV
X Product Sulfur,

XI H2/0il

Xl H2 Press.

The most effective factor is type of feed, and it means that the
feed properties factors normalization should be done. The second
ranking factors are density, and nitrogen, and basic nitrogen. The
correlation coefficient of nitrogen and basic nitrogen is higher, then it
means that they had a monotonic relation. Therefore, only the basic
nitrogen was selected considering the information described above.
The third effective ranking is saturate. It was examined in the same
way (eq.5) to minimize the standard deviation. However, it has
almost no effect to reduce the standard deviation. The forth are Feed
sulfur, T90 vol%, T95vol%, and EP, then the feed sulfur has already
been used to calculate the reaction rate constant. T90 vol%,
T95vol%, and EP could be considered to be the same factor, then,
T90vo1% should be taken.

As described above, the factors determined by trial and error
method are shown in the bold type, and these are validated by 1D3
and correlation coefficient analysis.
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Introduction

The products of Fischer-Tropsch synthesis on iron catalysts can
be composed very similarly as those obtained on cobalt catalysts.
This similarity requires a common principle of their formation. But
amazingly, FT-synthesis on iron catalysts differs in many regards
when compared with FT-synthesis on cobalt:
(1) With cobalt increasing the reaction temperature from e.g. 210 to
350 °C, changes the selectivity to methane as for being the dominant
product (eg. 90 C %). With iron even at 350 °C the methane
selectivity can remain low (e.g. 7 C %): The FT-regime is stable over
awide range of temperature.
(2) Increasing the H,/CO-ratio, respectively reducing the CO partia
pressure, changes the FT-selectivity to amost pure methane (at low
CO partial) whereas with iron, even when reducing the CO-partia
pressure to very low values, the selectivity is merely effected. This
means that the FT-regime with cobalt can only exist at sufficiently
high CO-partial pressure asin contrast to iron.
(3) Increasing H,O-partial pressure does positively affect FT-
synthesis on cobalt; lowering methane selectivity, increasing chain
growth probability, increasing syngas conversion (at some
circumstances high H,O-partial pressure can deactivate the catalyst).
With iron, H,O does inhibit the FT-reaction and restricts the degree
of conversion.
(4) Alkdi is avery efficient and essential promotor for FT-synthesis
on iron, having strong effects on reaction rate and selectivity. With
cobalt, no or only minor effects of alkali are noticed.
(5) The water-gas-shift reaction and its reverse generally perform fast
on (akalized) iron catalysts but are not (or only poorly) observed
with cobalt catalysts.

Fix = & - G -8 K, HaG0p=4
100 13: 11 :9 106 - 13
EFS0DES OF SYMTHESIE

Fiz = &l « Gu - 25 K, HaG0ga3
3:11: 26

(6) The byproducts of FT-synthesis, respectively the minor reactions
performing additionally to the main stream of non-trivial surface
polymerization, are significantly different with iron- as compared
with cobalt catalysts. With cobalt, in contrast to iron, secondary
olefin reactions of hydrogenation, isomerization and incorporation
occur. Also relations to organic complex catalysis (olefin-
hydroformylation, olefin-polymerization and carbene reactions) are
noticed in contrast to the performance on iron catalysts.

(7) With both the catalyst metals, processes of self-organization and
restructuring of the catalyst occur but they are different in principle
with iron and with cobalt. With cobalt the interaction of the cobalt
metal with the reactants concerns segregation of the surface. With
iron it concerns reaction with carbon, being formed from CO-
dissociation to produce iron carbide phases and structured or
amorphous carbon phases in addition to further compositional
catalyst changes.

In this paper, specifically, the processes of self-organization of
the Fischer-Tropsch regime with (alkalized) iron as the catalyst are
regarded, asin contrast to the behavior of cobalt catalysts.

Results and Discussion

It is seen in Fig. 1 that the Fischer-Tropsch activity - a measure
hereof is the yield of FT-products (Y ) - initialy (tep, ca. 10 min) is
about zero in all the three cases. The precipitated catalysts had been
reduced with hydrogen and - generalizing - about half of the iron was
in the state of metalic iron and the other half in the state of
magnetide in the beginning. So it is concluded that iron in its metallic
form exhibits "no" Fischer-Tropsch activity. Thisisin contrast to e.g.
cobalt or ruthenium where essentially the metal is the active phase
for FT-synthesis.

The catalyst activity develops with time in about 5 episodes,
respectively, kinetic regimes. Episode | relates to the very first
contact of the synthesis gas with the catalyst when it replaces the
inert gas in the reactor and chromatographic effects and reactor
residence-time-behavior overlap with the conversion of reactants.
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Figure 1. Initial episodes of FT-synthesis with iron as the catalyst.
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In Episode II, the main process is the deposition of carbon
(Y can) ON the iron catalyst. The carbon yield increases to about 20 C
% with the (H,/CO = 2,3)-syngas (Fig. 1, right). With the (H,/CO, =
3)-syngas the carbon yield is less excessive - e.g. 4-6 C % in Episode
Il (see Fig. 1, middle and left). Here with no CO but only CO, in the
syngas, the carbon can only be formed as much as CO has been
formed by the reverse water-gas-shift reaction. It is seen that also the
water-gas-shift activity develops in-situ, prior to FT-activity. But
even when in Episode |1l more CO has been formed from CO, plus
H2 (Yrwas), only marginal FT-activity is noticed (Fig. 1, left and
middle). Then, in Episode IV after a number of hours on stream, the
Fischer-Tropsch reaction sets in. Obvioudly, a distinct extent of iron
carbiding is necessary for the catalyst to exhibit FT-activity. With the
3H,/CO,-syngas this process of carbiding is slower as compared with
the 2H,/CO-syngas.

Episode V is the steady-state of FT-synthesis. With the
(2H,/CO)-syngas a deactivation in Episode VI is noticed as caused
by ongoing carbon formation due to high catalyst alkalization which
is favorable at very low CO-partia pressure but too high for a CO-
rich syngas.

In Fig. 2 the chain prolongation probability as a function of
carbon number is presented for different times on stream and for the
same three experiments as in Fig. 1. The result is very remarkable
(and in complete contrast to what would be observed with cobalt
catalysts). In dependence of time-on-stream only for the initia
episodes (up to Episode I11) when FT-yields are very low, the curve
of growth probability is markedly affected. But during Episode 1V
when the FT-regime is being established as the FT-yield increases
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substantially, the curve shape changes only marginally. And even
when comparing the steady-state curves for the three experiments the
differences are small.

The surprising conclusion is that the FT-chemistry remains
much the same, during establishing the FT-regime and even with
both the synthesis gases 3H,/CO, and 2,3H,/CO.

It follows that increasing FT-activity here means an increase of
the number of active sites, however, their nature being the same. And
as the chemistry (selectivity) isinvariant against the partial pressures,
specifically of CO, that the sites are not dynamic in nature (in
contrast to FT with cobalt).

When now searching for the common FT-principle with iron
and cobalt catalysts, it should be a kinetic law, defined more by the
sort of involved species than the catalyst composition (iron or
cobalt). It is proposed to concern the frustration of the desorption
reactions (for paraffins and olefins) thus alowing for the alternative
reaction of adding C;-species to the adsorbed chain.

In a complementary study of catalyst composition (and
structure) as a function of time by XRD, Moesshauer spectroscopy,
XPS it was observed that the FT-activity started to develop in
correlation to the conversion of the alpha-iron-phase to a FesCx-
carbide-phase. The carbide-phase is therefore regarded to possess the
FT-active sites under reaction conditions and these sites appear to be
very stable entities.
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Introduction

Fischer-Tropsch (FT) synthesis can be used to produce either a
light syncrude and light olefins or to produce heavy wax
hydrocarbons. With its noticeable development of the industrial
employed catalysts in SASOL, the iron-based catalysts have been
widely studied as commercia FT process catalysts. For the
recommended slurry bubble column reactor applied to this process,
there exists one critical challenge of difficult solid/wax separation.
Skeleton iron (Raney type) catalysts have been initiated years ago
and well developed to match this problem solution. This novel iron
catalyst has been proved superior CO hydrogenation activity and HC
selectivity comparable to conventional precipitated Fe. In the work of
optimizing the skeleton catalysts, we realized that the catalysts
generation conditions dramatically influence catalyst physica
properties and FT synthesis performance. This presentation is to
show the effect on FT objective products.

In terms of the synthesis products, Anderson has provided us the
thermodynamics reactions of products description in detail. Water is
a principal primary product. Primary alcohols and /or alpha olefins
may aso be primary synthesis products. Some researchers have
proposed the possible mechanism steps of olefins and oxygenates
formation. By far the oxygenates are believed by most people as
primary products and sequentially being converted to hydrocarbons?.
While some authors would accept the point that oxygenates,
including norma alcohols, are formed via side reactions. The
majority of the oxygenated products are linear with terminal
functionality. The amounts and types are highly dependent on the
catalyst properties and the reaction conditions. It is reported typically
on iron based catalyst and ethanol is the principle oxygenate formed.
This presentation provides a chart of the product distribution from
novel skeleton iron catalyst, and outlines a rough relationship
between the catalyst parameters and product selectivity. Particularly,
the significant oxygenates product is addressed and discussed.

Sample 1# |

[nien=icy

| Sample I

Experimental

Making up of skeleton iron catalyst. The patent catalysts were
prepared in house and detail procedures can be found elsewhere®*S.
Several typical catalyst samples were selected for presentation based
on following variables.

Table 1. Description of typical skeleton iron catalyst samples

Samples Components Alloying (solidification)
1# Fe/Al Quenching
24 Fe/Al/Mn Q
3t Fe/Al/Cu Q
At Fe/Al/Zn
S5# Fe/Al Slow cooling

All catalysts were characterized by X-ray diffraction and
demonstrate major phase of metal iron with trace oxides.

Slurry F-T synthesis. The synthesis was conducted in a INL
continuous stirred tank reactor. Detail operational procedures were
reported elsewhere. All above catalyst samples were tested at
conditions of : 230-270°C, 2.5 MPa, 2.0 NL/gcat/h, 15wt% catalyst
loading. All products samples were collected and only those
produced after initial period (~150hours) were analyzed as
characteristic data.

Product analysis. HP 6890N series and G1530A GC were used
for gas and liquid products analysis. MS-GC was the supplement
instrument for verifying plausible components. In respect of the
liquid analysis by capillary column, oxygenates were calculated by
separated method. Perkin-Elmer CHN element analyzer was applied
to ensure the accuracy of oxygenated percent in the liquid.

Results and Discussion

Figure 1 is the XRD data of the as prepared six samples, it
indicates that any trace additive element, Zn, Mn, Cu (<5% in the
aloy) or the residua Al is not apparently detected by X-ray
diffraction. The oxides (Fes0O,) were thought formed during the
transferring from storage regent to the instrument monitor.

Brady and Pettit firstly proposed the alkyl mechanism for the
Fischer-Tropsch reaction and applied it to explain the similar
hydrocarbon product distribution over catalysts such as Ni, Pd, Fe,
Co, Ru or Co% Furthermore, amost all researchers accept the
conclusion that ethylene as the primary product. Nevertheless, these
active FT catalyst components make obvious difference in product
composition and distribution. Even for iron base catalysts, there are
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Figure 1. X-ray diffraction spectra of as prepared skeleton iron catalysts
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several types catalysts resulted from different precursor material and
generation routes (fuse iron, supported iron, precipitated Fe, ultra-
fine iron oxide, sinter iron, ferrous aloy etc.).Thus many factors such
as active component phase, granule size and combination degree with
other components/supports inevitably affect the products quality.
And, for each one type of iron base catalysts, say precipitated Fe
catalyst, there exists a group of possible active phase comprising -
Fe, Fe,0s;, Fes04 and Fe,C, which complicated enough to bring up
unclear characteristic product distribution’. Hence the catalytic
polymerization mechanism study that extensively concerned by
scientists may encounter a potential problem, the complex reaction
system gives rise to much similar products over different catalysts
(synergetic effect) and hence simplifies the mechanism (acceptable or
plausible based on empirical evidence).

This demonstration is purposing on the relationship between
lightly altered parameters and FT synthesis products distribution.

]
af Wy
Ty
|l i'.!""
= 1 . & 1
= |
1] -
A i Somgle I¥ = 1
[
i ‘ E
g
Sammple 14 P
| _ o
&— Sammle 4% w
=1nr .
 Semgle SN
b 2 4 £ 83 W12 14 168
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Figure 2. Characteristic carbon number distribution of iron catalysts
(skeleton iron here is named as Raney Fe) tested in same reactor

Apparently, the carbon number distribution of HC products
(excluded wax) synthesized over skeleton iron catalysts are not
severely influenced by trace additives modifying the base catalyst.
The exception is the 5# sample, which was characteristic of not-
guenching solidification method in the precursor generation, shows a
lower chain growth probability (0=~0.63). To explain this, the
metallurgic theory should be referred. Quenching of molten alloy
generdly results in metal clusters exampled by Fej Al (so caled
frozen eutectic alloy)®. While the slow-cooling way is subjected to
yield a simple intermetallic compound such as FeAls. The later one
eventually forms to small pores skeleton catalyst (average pore
diameter is 15nm, in comparison with the one from former alloy,
22nm).

For al skeleton iron catalyst samples, the related FT products
(liquid HC fraction) were ailmost exclusively linear olefins, alkanes
and oxygenates, and methyl-branched was only as minor components
of the product distribution. Figure 3 is a typical MS-GC spectrum
(from C5 to C13), it is interesting that the normal alcohol is much
significant (3rd big peak). It has been stated that the main objective
of the synol process was the production of straight chain terminal
alcohols of boiling range as high as C,. Thus the skeleton iron
catalyst may provide a shortcut to reach this objective. In some case,
the amounts of normal acohols approach 20wt% in the hydrocarbon
products. While aqueous product contains about 10% of oxygenates,
predominantly methanol and ethanol.

Olefins from the sample cataysts are found in amounts
exceeding 50% in each carbon number (<C). Carbon chains in
alcohols are similar to those found in hydrocarbons, and appears

similar carbon number distribution trend. Yields of acohols on a
molar basis are maxima at C, and decreasing monotonically with
increasing carbon number.

Lin-0OH
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Figure 3. The typical MS-GC spectrum of F-T synthesis products
from skeleton iron metal catalyst (Sample 5#)

Some experts offered the explanation that acohols are the
primary products when the synthesis is carried out at low
temperatures. They are dehydrated to olefins in a second step. This
assumption may find some basis in the fact that the sum total of
alcohol plus olefin in synol operation is fairly constant over a wide
temperature range. For the skeleton iron catalyst, it was found even at
its maximum temperature (280 °C), the oxygenates selectivity did not
decrease.

Table 2. Comparison of oxygenates amount in the HC product
from different skeleton iron catalysts

Wt.% Carbon Range
Sample 1-2 3-5 6-9 10+
1# 511 2.84 2.74 1.86
2 2.46 151 2.04 1.70
3# 8.17 3.12 4.90 2.40
a# 6.60 2.37 371 173
S# 8.12 3.06 4.48 2.03

From Table 2, we knew that copper and zinc added as promoters
favored more oxygenates yield than manganese. It must be
acknowledged that the aluminum in the skeleton iron catalyst made
somehow contribution to the oxygenates formation (auminum,
copper, zinc are the conventional elements for alcohol synthesis
catalyst). Nevertheless, as the digesting reaction in the course of alloy
leaching step is rigorous and aluminum metal could hardly remain on
skeleton surface (except the trace amount of alumna deposition),
there is less possibility for aluminum acting as synol synthesis active
site. But, it may attribute to any re-crystalization or active sites
transfer occurred in the high temperature CO hydrogenation process.

Summary
This paper is to share a viewpoint that FT synthesis products

formation mechanism, especially on iron base catalyst, may require
study on the isolated active phase. Skeleton iron here exhibits an to
some extent ability to produce products without other active phases
disturbance.
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Introduction

Direct partial oxidation of methane to methanol (DPOM) is one
of the most attractive pathways for the optimization utilization of the
abundant natural gas reserves. A great deal of effort have been made
on it especially since the promising results reported by Gesser et al.
U and Lunsford et al. ?) respectively, in the early 1980s. Some
important results have been obtained, e.g. high pressures and high
CH4/O, ratios favor methanol selectivity while high temperatures
favor the deep oxidation. However, methanol yield of more than 8%
has not been reproducibly achieved till now. Most of the reported
methanol yields were about 3~5% and so on. And different
researchers always gave different results, and even opposite ones.
The discrepancies were attributed to the temperature/heat transfer
effects, localized flow patterns in the reactor et al. by Brown and
Parkyns P! and Srivastava ™). In our recent report ©!, methanol yield
of ca. 7~8% was obtained in a specially designed quartz lined reactor
and the high yield was attributed to the isolation of the reaction
mixture from metal surface. And it is believed that the discrepancy
in the reported results was due to the difference of such isolation.

In the present work, the effect of the reactor material was further
investigated. And the effect of catalysts was also discussed.

Experimental

The experiments of homogeneous partial oxidation of methane
were carried out at 380-500°C and 5.0 MPa in a specially designed
quartz lined tubular reactor. A quartz line was tightly fixed in a
stainless steel line. A Viton O-ring pressed by a locking nut was used
to prevent the gas from leaking into the ringed gap between the
quartz line and the SS line so as to eliminate the influence of the
metal wall. The reactor structure was detailedly described in
literature 5.

Catalyst of Mo-V-Cr-Bi-Ox/SiO, was prepared by co-
precipitation as described in literature 6. The catalytic reaction was
performed with 1g catalyst loaded into the reactor.

Results and Discussion

Effect of Reactor Material. The reactor materials have great
effect on the performance of the direct partial oxidation of methane
to methanol. Three kinds of reactor materials were used for the
investigation (see the caption of Figure 1).

In the quartz lined reactor, the methane conversion of ca. 13%
and methanol selectivity of more than 60% were obtained (Figure 1,
Case-I). The methanol selectivity (Case-I) was the highest among the
four cases considered here. The selectivity of completed oxidation
product, CO2, was limited no higher than 5%. And the result
obtained in the glass lined reactor (Case-1I) was quite similar to the
quartz lined reactor; the methanol yield of more than 7% could also
be achieved except that the selectivity of CO, was a little higher than
that in Case-1. And they were both higher than those in the other two
cases (Case-III and Case-I1V), which indicated that the quartz or glass
lined reactor are more favorable for the direct partial oxidation of
methane to methanol, especially the quartz lined reactor.
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Figure 1. Effect of reactor materials on the homogeneous
partial oxidation of methane to methanol
P=5.0MPa, T=440°C, CH,/O,/N,=100/10/10(ml/min)
Case-I: Quartz lined reactor
Case-1II: Glass lined reactor
Case-III:Quartz lined reactor without O-ring
Case-1V:Stainless steel reactor

In the stainless steel reactor (Case-I1V), methanol selectivity was
less than 15%, only about 25% of that in Case-I (Figure 1). But the
deep oxidation products, CO and CO, were much higher; the
selectivity of CO, was even raised to 30%. Such results indicated that
the SS reactor was not suitable for the direct partial oxidation of
methane to methanol because it is too easily to result in the deep
oxidation.

It is well known that the iron oxide and other metal oxides are
always used as the oxidation or combustion catalysts, because the
oxygen in the oxides is very active. But in the direct partial oxidation
of methane to methanol, the required product, methanol, is more
unstable than methane, and methanol is more easily adsorbed and
activated on surface of metals or metal oxides because it is a polar
molecular (its dipole moment is 1.70Debyes). Therefore, the surface
of metals or metal oxides is not expected to expose under the reaction
conditions to cause the deep oxidation of methanol. In other words, it
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is necessary to prevent the reaction mixture from contacting the
surface of SS reactor during reaction.

The result of Case-III was better than that of Case-IV, but worse
than those of Case-I and Case-II, which implied that part of the
reactant mixture flow through the inner quartz tube, which did not
contact the surface of SS reactor and give higher methanol
selectivity, and part of it leaked into the ringed gap between the
quartz tube and the SS tube and gave poor methanol selectivity. The
methanol selectivity in the effluence was the mean result of the
above two parts. It is worth to note that the methane conversion and
methanol selectivity were quite similar to those reported in most of
the literatures. Researchers have found that the metal surface might
cause the deep oxidation of methanol and decrease methanol
selectivity. Quartz or Pyrex lined reactors were recommended to be
adopted in the direct partial oxidation of methane to methanol. Then
how to insure the reactant not to leak into the ringed gap between the
inner line and SS tube became a determinant factor, and it might be
one of promising explanations for the discrepancy in the reported
results .

Effect of catalyst. It is expected that the participation of
catalyst could increase methanol selectivity and methane conversion.
The catalytic oxidation of methane was investigated over a Mo-V-
Cr-Bi-Ox/Si0, catalyst.

The increase of oxygen conversion with temperature in catalytic
oxidation was not as abrupt as that in homogeneous oxidation, which
indicated that the participant of catalyst did take some effect on the
reaction. It is worth to note that when temperature was increased
above 430°C, the oxygen in the reactants was depleted already. But
in the catalytic oxidation, the temperature when oxygen was depleted
was higher than 460°C. This result could be attributed to the
inhibition of the free radical reaction of the homogeneous oxidation
by the catalyst. The participant of catalyst could control the oxidation
of methane to some extent.

However, the methanol selectivity in the catalytic oxidation was
always less than 50%, which was lower than that in the homogeneous
oxidation. And the CO, selectivity also increased higher than 10%.
The participant of catalyst did not increase the methanol selectivity,
but promoted the deep oxidation of methanol. This was mainly
because the metal oxides catalyst is very active, and the polar
molecular, such as methanol, CO et al. is very easily absorbed on
them and activated. The effect of catalyst was to some extent similar
to that of the metal reactor surface.

Conclusions

The existence of the metal surface of SS reactor would cause
deep oxidation of methanol under the reaction condition, and
decrease its selectivity. The reactor should be equipped with the
metal-free material, such as quartz or Pyrex glass. And in the quartz
(or Pyrex glass) lined tubular reactor, it is important to prevent the
reactant mixture from leaking into the ringed gap between the inner
tube and the outer SS tube.

Participant of catalyst did affect the homogeneous oxidation, but
did not improve the methanol selectivity because it easily causes
deep oxidation of methanol.
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Figure 2. Comparison of homogeneous and catalytic
oxidation of methane to methanol.

P=5.0MPa, CH,/O,/N,=100/10/10(ml/min)
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Introduction

Hydrotreatings of petroleum feedstocks have recently become
more and more crucial not only to protecting the environment but
also to efficient utilization of limited natural resources. Development
of highly active and selective hydrotreating catalysts, in particular
hydrodesulfurization (HDS) catalysts, is one of the most urgent
problems in petroleum industries. Sulfided Co-Mo or Ni-Mo(W)
based catalysts have been used in industry for HDS reactions.
Supported Co(Ni)-Mo sulfide catalysts have been extensively studied
to understand the structure and reactivity of catalytically active sites,
the microscopic reaction mechanisms of HDS and hydrogenation, the
effects of the support and additives and so on.'” A so-called CoMoS
model originally proposed by Topsee et al.' for a catalytically active
phase, in which Co locates on the edges of highly dispersed MoS,
clusters, attracts increasing attention to explain many aspects of
catalytic and spectroscopic properties. Better characterization and
understanding of the nature of Co(Ni)-Mo sulfide catalyst systems in
a molecular scale are of great importance to a rational design of
highly active HDS catalysts.

One of the promising approaches for these purposes is to utilize
model catalysts, such as homogeneous metal sulfide clusters and
metal sulfide clusters on a flat surface. In the model catalyst
approach for better characterization of hydrotreating catalysts, we
tried to fabricate more practical model catalysts than the model
catalysts constructed by means of surface science techniques and
intrazeolite and homogeneous metal sulfide clusters. In the present
study, model catalysts are defined as the catalysts in which all the Co
atoms are present as CoMoS phases.

Experimental

Catalyst Prepation. Sulfided MoS,/Al,0; was exposed to a
vapor of Co(CO);NO at rt for 5 min (CVD technique), followed by
evacuation at rt. Co(CO);NO/MoS,/Al,03 was subsequently sulfided
again at 673 K to prepare a Co-Mo/Al,O; catalyst. The resulting
catalyst is designated CVD-Co/MoS,/Al,O;. Other supports, TiO,,
ZrO, and SiO,, were also examined.

Characterization and reaction. The amount of NO adsorption
was measured by means of a pulse technique. The HDS of thiophene
was carried out by using a closed circulation system at 623 K and 20
kPa to evaluate the initial activity of sulfided catalysts.

Results and Discussion

Preparation of Model Catalysts. The addition of Co to
MoS,/Al,05 by means of the CVD technique greatly enhanced the
HDS activity of MoS,/Al,0s, irrespective of the Mo loading. In order
to examine the location of the Co atoms deposited by the CVD
technique, the Co/Mo ratio of CVD-Co/MoS,/Al,O; was plotted
against the NO/Mo ratio of MoS,/Al,03;. When the Mo loading was
larger than 9 wt.% (monolayer loading), the Co/Mo ratio was
proportional to the NO/Mo ratio. It has been established that NO
molecules adsorb on the edge sites of MoS, particles rather than on
the basal plane. Hence, the linear correlation between the Co/Mo and
NO/Mo ratios strongly suggests that Co is located on the edge sites
of MoS, particles at > 9 wt.% Mo. The Co 2p;, XPS binding energy
for CVD-Co/Al,O3 was close to that of CooSg, indicating that Co

sulfide clusters form as expected. However, in the presence of MoS,
particles, the Co 2p;, binding energy increased by 0.8 eV, clearly
demonstrating that Co species chemically interact with the edges of
MoS; particles.

When CVD-Co/MoS,/Al,05; was exposed again to a vapor of
Co(CO);NO  and resulfided, the HDS activity of CVD-
Co/MoS,/Al,05 hardly changed in spite of the increase of the Co
content by a factor of 1.7. It is concluded that applying CVD once
fills the edge sites of MoS, particles with Co atoms, constituting
CoMoS phases, and that Co(CO);NO molecules adsorbed on the
edge sites of Co-MoS, particles are transformed into separate Co
sulfide clusters. This was also supported by the FTIR spectra of NO
adsorption on CVD-Co/MoS,/Al,03, showing that essentially all the
edge sites of MoS, particles, that are accessible to NO adsorption, are
covered by Co atoms, constituting CoMoS phases.

Evaluation of the Maximum Potential HDS Activity. Figure
1 shows the HDS activity of CVD-Co/Co-Mo/Al,O3;, which was
prepared by exposing sulfided Co-Mo/Al,O; to a vapor of
Co(CO);NO and subsequent sulfidation, as a function of Co content
in Co-Mo/AL O3 impregnation catalysts. The HDS activity of Co-
Mo/Al,O; was increased, over the whole range of Co content, by the
addition of Co by means of the CVD technique. It is worthy of note
that CVD-Co/Co-Mo/Al,O3 shows the identical activity with CVD-
Co/MoS,/Al,03, when Co content is lower than 2 wt.% and that the
activity of CVD-Co/Co-Mo/Al,O; gradually decreases with
increasing Co content at > 2 wt.%. Taking into consideration the fact
that the HDS activity of CVD-Co/MoS,/Al,0; is not changed by the
further addition of Co and the FTIR of NO adsorption, it is concluded
that the activity increase in Figure 1 results from the increase in the
amount of CoMoS phases by the addition of Co(CO);NO and that the
HDS activity of CVD-Co/MoS,/Al,0; provides the maximum
potential HDS activity for a series of Co-Mo/Al,O; catalysts, as long
as the dispersion of MoS, particles are not modified by the
impregnation of Co.
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Figure 1. HDS activity of CVD-Co/Co-Mo/Al,O; (triangle) and Co-
Mo/AlL,O; (circle) as a function of the Co content in Co-Mo/ALO;.

In conjunction with NO adsorption, the decrease in the activity
of CVD-Co/Co-Mo/ALL,O; (>2 wt.% Co) was ascribed to an
increasing extent of blockings of the edges of MoS, particles by Co
sulfide particles concomitantly formed during the sulfidation of the
Co-Mo/Al,O; impregnation catalysts. The maximum HDS activity of
Co-Mo/Al,0; attained at 3 wt.% Co was lower than the activity of
CVD-Co/MoS,/Al,0; or CVD-Co/Co-Mo/Al,05 (< 2 wt.% Co). This
is obviously caused by the blocking of the edges of MoS; particles by
Co sulfide particles before the completion of a full coverage of the
edges of the MoS,; particles by Co. It was also shown that the CVD
technique can be applied to Ni-Mo catalysts to evaluate the
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maximum potential HDS activity as well as Co-Mo catalysts. The
evaluation of the maximum potential HDS activity provides a
promising guide line for improving catalyst performances.

Effects of the Support. We examined the effect of the support
on Co-Mo sulfide catalysts by preparing the catalysts in the same
way as the model catalysts. The supports and Mo contents used in the
present study were SiO, (347 m* g, 6.7 and 13 wt.% Mo), ZrO, (25
m® g, 2.0 wt.%), TiO, (50 m® g, 4.0 wt.%) and Al,O; (177 m* g,
8.7 and 13 wt.%). The Mo content of the catalyst was fixed
approximately at or over its monolayer loading. The dispersion of
MoS, particles was measured by means of NO adsorption.

The supported MoS, catalysts were exposed to a vapor of
Co(CO);NO to prepare CVD-Co/MoS,/support. The Co 2ps/, binding
energies were 779.3+£0.1 eV, regardless of the support. These results
clearly demonstrate that the Co atoms, introduced by means of the
CVD technique, interact with MoS, particles on the support.

Figure 2 shows the Co/Mo ratio of CVD-Co/MoS,/support
as a function of the NO/Mo ratio of the MoS,/support samples. The
Co/Mo ratio was proportional to the NO/Mo ratio, showing that Co
sulfide species are located on the edge sites of MoS, particles. In
consequence, we conclude that the Co sulfide species prepared in this
way is characteristic of the CoMoS phase proposed by Topsee ef al.'
and that the CoMoS phase is preferentially formed when the CVD
technique is applied, irrespective of the support. It is concluded that a
Co-Mo model catalyst can be prepared, when the Mo content
corresponds to or exceeds a monolayer loading in MoS,/support.
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Figure 2. Correlation between the Co/Mo atomic ratio and the
NO/Mo ratio for supported CVD-Co/MoS,/support catalysts. Open
triangle: SiO,, Circle: Al,O3, Square: TiO, and Closed triangle: ZrO,.

Figure 3 shows the catalytic activity of CVD-Co/MoS,/support
in the HDS of thiophene as a function of Co loading. A good
proportional correlation was obtained for Al,O;-, TiO,- and ZrO,-
supported Co-Mo model catalysts, regardless of the support and the
pretreatment (pre-reduced before exposure to Co(CO);NO or
thermally decomposed after exposure). Since the straight line in
Figure 3 passes through the origin, the activity is ascribed to the Co
species interacting with MoS, or the CoMoS phase and that there are
very few unpromoted Mo sites, if any, after the single adsorption of
Co(CO);NO in agreement with the FTIR of NO adsorption of CVD-
Co/MoS,/Al,05. The TOF of the CoMoS phase (the slope of the line)
of the Al,05-, TiO,- and ZrO,-supported catalysts are identical. We
conclude, therefore, that the support has no significant effects on
these catalyst systems. The HDS activity of Co-Mo/Al,O;, prepared
by an impregnation, was somewhat lower than that of CVD-
Co/MoS,/Al,05 with similar Co and Mo loadings (Figure 3). This is
obviously due to the formation of less active Co species such as
CooSg clusters and Co*™ in the AlLO; sublayer in addition to the
CoMoS phases, in line with the Co 2p XPS results.

Figure 3 shows that the specific activity of the Co species
supported on SiO, is 1.7 times higher than the activity on the other
supports. Taking into account the difference in activity between
CoMoS Type I and Type II, CoMoS Type I probably forms on the
AlLO;, TiO, and ZrO, supports under the present sulfidation
conditions (673 K, atmospheric H,S/H;), while CoMoS Type II on
Si0,. The difference is attributed to the difference in the stacking
number of MoS,; particles on the basis of the TEM observations, in
agreement with others.
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Figure 3. Correlation between thiophene HDS activity and the Co
loading of supported CVD-Co/MoS, catalysts. See the captions in
Fig.2 for the symbols. Closed circle: a Co-Mo/Al,O3; impregnation
catalyst.

Conclusions

It has been found that the selective preparation of CoMoS
phases supported on refractory oxides provides promising model
catalysts to understand the nature of practical HDS catalysts. Effects
of the support were understood in terms of the TOF of the CoMoS
phases. Furthermore, the information on the maximum potential HDS
activity of Co(Ni)-Mo(W) catalysts is very unique and will be helpful
in the design of highly active HDS catalysts. It is shown in our study
that the model catalyst approaches provide important information on
the effects of the catalyst preparation and additives, the catalyst
structure and the fundamental aspects of HDS catalysts such as
microscopic  reaction mechanisms and  structure-reactivity
relationships.
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Introduction

The hydrodesulfurization (HDS) process is receiving more and
more attention, because the legislative requirements on transportation
fuels are becoming more severe. Therefore, it is very important to
elucidate the effect on the relationship between catalyst structure and
reaction mechanism of the sulfur compounds.

CoMo/AL,O5 and NiMo/Al,O; catalysts are the work-horses in
HDS processes. The so-called type I CoMoS phase has a higher
activity for thiophene HDS than the so-called type 1. For catalyst
design such a conclusion is of crucial importance. However, this has
not been unequivocally proven to hold for dibenzothiophene (DBT)
HDS". It should be noted that DBT is a better model compound than
thiophene to represent diesel fuel liquid phase HDS.

It is widely accepted that DBT desulfurizes via both direct
desulfurization (DDS) and  hydrogenation followed by
desulfurization (HG-HDS) of benzene ring. This work focuses on the
structure type I and type II catalyst structure and the possible
relationship with the different routes of DBT HDS.

Experimental

Catalysts

NiO-MoO;/Al,O; catalysts (type I and type II) were prepared
via liquid phase pore volume impregnation. A high purity y-AlL,O3 in
the form of 1.5 mm cylindrical extrudates was impregnated using
aqueous solutions containing the required amounts of Ni and Mo,
according to the literature?.

Activity measurement

The activity for liquid-phase DBT HDS was determined in a
batch reactor. Details on the experimental procedure can be found in
the literature”. Before the reaction catalysts, they were presulfided at
370 °C. Subsequently, the activity tests were carried out at 350 °C
and 5 MPa hydrogen pressure. The feed consisted of 0.2wt% DBT in
hexadecane (n-Cyg).

The inhibiting effect of H,S is quite large on DBT HDS?. In
order to mimic the realistic conditions of the commercial reactor
bottom, dimethyldisulfide (DMDS) was added to adjust the H,S
partial pressure to 1.4bar.

Results and Discussion

In Fig. 1 a simplified reaction scheme for DBT HDS is shown.
Under the applied reaction conditions the main products are
cyclohexylbenzene (CHB) and biphenyl (BP). From the yields of

" Corresponding author, email: J.A.Moulijn@tnw.tudelft.nl

these two products between the direct HDS (DDS) and the
hydrogenation route can be discriminated.
In all cases, the time dependency of the DBT concentration

followed first order kinetics.
a0 = OO0

Dibenzothiophene (DBT) Biphenyl (BP)
4 |
k(HG) l : |
= v
k(HDS)
— OO
S
TetrahydroDBT (THDBT) Cyclohexylbenzene (CHB)

Figure 1. Simplified reaction scheme for DBT HDS

In Fig. 2, the effect of active metals loading on the DBT HDS
activity for both NiMo type I and type II catalysts is shown. At
increasing loading, type I catalyst did not show higher activity,
probably due to formation of MoO; crystals, in agreement with
literature. Diaz and Bussell reported that at a metal loading above 4.2
atoms Mo per nm?, three-dimensional MoO; particles are formed”.
In contrast, type II catalyst showed higher activity at increasing
loading.
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Figure 2. The effect of metal loading for DBT HDS
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Figure 3. The effect of metal loading for hydrogenation selectivity
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In Fig.3, the selectivity of cyclohexylbenzene, representative for
the hydrogenated route is shown. Note that type II catalysts have a
higher selectivity for cyclohexylbenzene. Therefore, it can be
concluded that the reaction rate of hydrogenated route on type II
catalyst is higher than on type I. Moreover, the higher loading
catalysts show higher selectivity for cyclohexylbenzene.
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Figure 4. The yield of products HDS DBT on type II NiMo catalysts

In Fig.4, the yields of the products of high and low loading
type II catalysts are shown. Time yields of cyclohexylbenzene and
biphenyl became higher at increasing loading, but the former
increased most. Therefore, the higher HDS activity of type II high
loading catalysts is mostly dependent on an acceleration of the
hydrogenation route.
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Figure 5. The yield of products HDS DBT over type I NiMo
catalysts

In Fig.5, the yields of the products of high and low loading type
I catalysts are shown. Time yields of cyclohexylbenzene and
biphenyl decrease with increasing loading, but the former becomes
much lower. Therefore, it is concluded that due to the formation of
MoO; crystals, the direct desulfurization reaction rate decreases
while hydrogenation route does not change significantly.

To unravel the reaction scheme described in Fig.1, the rate
constant of each step was determined numerically by fitting the data
to the kinetic model. The inverse reaction of THDBT to DBT, and
the hydrogenation reaction of BP to CHB could be neglected because
the rate constants were very low.

Table 1. The Rate Constants of Each Reaction Step

k(H k(HDS
kDBT | k(DDS) | k(HG) | k(HDS) /k((Dg ;) /k((DDS))
Typel Low loading 3.6 2.2 1.4 14.0 0.65 6.5
Typel High loading 2.5 1.3 1.2 10.9 0.91 8.4
Typell Low loading 2.9 1.7 1.2 15.9 0.69 9.4
Typell High loading 5.9 3.0 2.9 27.5 0.99 9.3

In Table 1, the rate constants of each reaction step are given. All
data show higher k (HDS) than k (DDS). Therefore, THDBT is
supposed to desulfurize easier than DBT. Moreover, type II high
loading had a higher k (HG)/ k (DDS) than type II low loading.
Therefore, the higher HDS activity of type II high loading catalysts
mainly originates from the acceleration of hydrogenation route
activity.

These results can contribute to a more rational catalyst design in
hydrodesulfurization. Work in that direction is in progress.

Conclusions

The various DBT HDS routes significantly depend on the
catalyst structure (type I, type II). The higher HDS activity of the
high loading type II catalysts mainly originates from the increased
hydrogenation activity.
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Introduction

Supported mixed transition metal sulfide catalysts play a pivotal role
in refineries for the production of clean motor fuels. They are
employed not only to hydrotreat the final products like gasoline and
diesel, but also to pretreat fluid catalytic cracking or reformer feed
[1]. Furthermore, they provide the hydrogenation functionality in
most hydrocracking catalysts that upgrade vacuum residue to more
valuable products. Two major drivers for the development of more
active hydrotreating catalysts are (i) dwindling oil supplies forcing
refiners to use heavier feedstock and (ii) ever-tightening motor fuel
specifications (for instance, the EU Auto Oil programme II [2]).
Noteworthy is that mostly the use of an improved catalyst is more
economic than modifications to the process.

While research on hydrotreating catalysts has been extensive over the
last 50 years [3-5], it has proven very difficult to relate catalyst
structure to catalyst activity and selectivity on the molecular level. In
recent years, we have employed the model catalyst approach to
heterogeneous catalysis. The essential point is to prepare planar
model catalysts by spin-coating which mimics the industrial pore
volume impregnation method. In this way, realistic models can be
obtained which are easily amenable to high-resolution spectroscopic
studies. We have shown before [6,7] that the strong tandem-mix of
characterization and reactivity evaluation enables detailed insight into
the influence of active phase formation on the activity. Here, we will
show how these well-defined models can be used to obtain intrinsic
kinetics of thiophene hydrodesulfurization.

Experimental

Model catalyst preparation NiMo/SiO, planar model catalysts
consisting of a Si(100) wafer covered by a thin layer of SiO, as
support were prepared by spin-coating as extensively described
before [6,7]. Planar SiO, model supports were prepared by oxidizing
a Si(100) single-crystal wafer in air at 1023 K for 24h. After
calcination the wafers were cleaned in a H,O,/NH4OH solution at
338 K. Subsequently, the surface was hydroxylated in boiling water
for 20-30 min. As a typical example, we describe here the preparation
of NiMo/SiO,. A model silica support was spin-coated in nitrogen
atmosphere at 2800 rpm with an aqueous solution containing
Ni(NO;),.6H,0 (Merck, p.a.) and (NH4)sMo0;0,4.4H,0 (Merck,
purity >97%) with an atomic ratio of 1:3, respectively. The
concentration of the precursor solution was adjusted to result in the
required metal loadings (2 Ni at/nm” and 6 Mo at/nm?). Prior to
characterization or catalytic testing, a model catalyst was sulfided at a
rate of 5 K/min to 673 K + 1 h in a mixture of 10 vol.% H,S in H,.

Reactivity evaluation. Atmospheric thiophene HDS reactions
were carried out in a batch-type reactor. After sulfidation, the reactor
was flushed with the reactant mixture for 5 min at the desired
reaction temperature. The reaction was then carried out in batch
mode by closing the reactor inlet and outlet. This was marked as zero
reaction time. After a reaction time of 1 h a gas-phase sample was
taken from the reactor using a precision sampling gas syringe which
was injected on a DB-1 column to analyze the main products: 1-
butene, n-butane, trans-2-butene, cis-2-butene, thiophene and small

amounts of C;-C; hydrocarbons. The HDS activities are expressed as
thiophene conversion after 1 h of reaction time and per 5 cm’ of
model catalyst. These values were corrected for blank thiophene
conversion measured using an empty reactor. Between two
experiments the catalyst was resulfided at 673 K for 1 h.

Results and Discussion

Because diffusion limitations are absent, the use of planar model
catalysts offers great advantages in kinetic studies. Catalytic data
were obtained at different temperatures varying the partial pressures
of hydrogen, thiophene and H,S, respectively. The kinetic data were
analyzed considering both power-law and Langmuir-Hinshelwood
(L-H) kinetics Between 573 and 673 K, positive orders in thiophene
and hydrogen and moderately negative orders in H,S were obtained.
Moreover, while the reaction order in thiophene significantly
decreased as the reaction temperature decreases, the order in
hydrogen was nearly constant and close to 1. The lower reaction
order of thiophene as compared to the reaction order in hydrogen
clearly indicates that thiophene adsorbs much stronger than
hydrogen. The negative order in H,S indicates that the HDS reaction
is inhibited by H,S, probably due to competition with thiophene for
sulfur-defect sites. The trends in the reaction orders are in agreement
with the literature [8,9]. Heats of adsorption and activation energies
can be derived once a kinetic model has been adopted. Several
mechanisms  and  associated  kinetic models for the
hydrodesulfurization of thiophene have been proposed in the
literature [10-14].

Although the precise mechanism of thiophene HDS reaction is still
under debate, we have chosen an often-used simplified reaction
network consisting of elementary steps, in which thiophene
exclusively adsorbs on sulfur vacancies and H, adsorbs dissociatively
on different sites to form butadiene (B) and H,S. Assuming that the
surface reaction between adsorbed thiophene and H, is the rate-
limiting step and the H,S adsorption takes place on sulfur vacancies
exclusively, in competition with thiophene adsorption, the following
Langmuir-Hinshelwood rate expression can be obtained:

k Kp Ky, pr pu,
(+Kppr+K Ipr.) (L + K2 pl/2y?
TpT HzSpHZS pHZ Hz sz

where k is the rate constant of the rate-determining step and Kr, Ky,
Kyps are the adsorption constants of thiophene, H, and H,S,
respectively. Figure 1 shows that the experimental data measured at
constant thiophene and H,S partial pressures and varying the H,
partial pressure can be satisfactorily fitted using the L-H equation,
giving an estimation of the adsorption equilibrium constants of
hydrogen at different temperatures. The optimized values indicate
that the adsorption equilibrium constant is statistically non-different
from zero under our experimental conditions. Therefore, the
hydrogen adsorption term in the denominator can be ignored. The
optimized values for the adsorption equilibrium constants at 673 K of
thiophene and H,S are 3.5 + 0.7 bar”' and 28.9 + 1.8, respectively.
The intrinsic kinetic parameters, the activation energy of the rate
determining step and the heat of adsorptions, can be derived by fitting
the kinetic data measured at different temperatures using non-linear
multivariable fittings. Figure 2 shows the quality of this fitting and
the intrinsic parameters are summarized in Table 1.

The estimated value for the heat of adsorption of thiophene and H,S
are —57.8 £ 10.9 kJ/mol and —117.1 £+ 11.3 kJ/mol, respectively. A
broad range of values for the heats of adsorption of both thiophene
and H,S have been reported in the literature [11,12]. Theoretical
values vary between -62 and -137 kJ/mol, whereas the values for the
heat of adsorption of H,S vary between —75 and —93 kJ/mol [15].

r =
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Figure 1. Dependence of the rate of thiophene HDS on the partial
pressure of H, at different temperatures, along with data fit according
to the L-H kinetic model. Pyiopn.= 4 vol% and Pys= 0 vol%.

Reaction Rate (mol

0.00 0.02 0.04 0.06 0.08

pthioph (% )

Figure 2. Dependence of the rate of thiophene HDS on the thiophene
partial pressure along with a non-linear multi-variable fitting
according to the L-H model. Py,= 90 vol% and Pyps= 0 vol%.

To summarize, the values of the heat of adsorption reported in this
contribution indicate a relatively strong adsorption of both thiophene
and H,S.

The activation energy is about 85 kJ/mol, in line with theoretical
calculations [15], which predict overall reaction enthalpies for C-S
scission and sulfur removal of 70 kJ/mol and 73 kJ/mol, respectively.
It is important to mention that much lower activation energies,
usually obtained from Arrhenius plots, have been reported in the
literature [16-18]. However, the activation energy derived from
Arrhenius plots represents the apparent activation energy and not the
real activation energy of the rate-determining step. Moreover, a
decrease in apparent activation energy with increasing temperature
has been frequently observed [16-18]. Such a decrease of the
apparent activation energy has been often attributed to a decrease of
the surface coverage of the reactants as temperature increases [17,
18]. The relation between apparent and real activation energy is:

q d # T 0 Hy o HyS
ESPP :Egci+(17®T)~AHadS+(17®H)-AHad§7®H25.AHad§

Table 1: Intrinsic kinetic parameters obtained from non-linear
multivariable fittings on a sulfided NiMo/SiO, model catalyst.

Parameter Value

KO (m0lyi0ps/mol;*S) 0.0967
EIS (kJ/mol) 83.5
Khioph (bar™) 8.7

— AH™PR e f/mol) -57.8
Ky s (bar) 138.9

~ Al a/moly -117.1

At high temperatures, the coverages become lower and in the limit of
an empty surface, we find

EGFY = EGl + AH Ly + AH L
Therefore, a negative apparent activation energy may be obtained
when the adsorption energies of thiophene and hydrogen are large
enough. This then explains the Volcano-type curve recently reported
by Borgna et al. [18].

Conclusion

Planar model catalysts can be applied to obtain intrinsic kinetic
parameters for the relatively simple thiophene hydrodesulfurization
reaction, offering an excellent opportunity to study reaction
mechanism and kinetics without under diffusion-free conditions.
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Introduction

From the recent environmental point of view, hydrotreatment of
petroleum fractions to produce clean and high quality transportation
fuels is becoming more and more important. Alumina supported Mo
(W) catalysts, promoted by Co(Ni), are widely used in the oil
industry for these purposes. There is growing need for improvements
in the performance of these catalysts. There is a general agreement
that the active Co-Mo-S phase is MoS, slab with Co atoms
decorating the edge plane. The studies of the Ni-W system show
that the structure of the Ni-W-S active phase is similar to that of Co—
Mo-S phase'. It is well established that WS, is layered compound
consisting of stacks of S-W-S layers held together by van der Waals
interactions'. For bulk WS, compound, it is known that it has two
kinds of structure, i.e. 2H-WS; and 3R-WS,. Whether the tiny WS,-
like crystallite on the surface of sulfided NiW/ y -Al,O; catalyst is of
2H-WS,; structure or 3R-WS; is unclear. For promoted catalysts, the
atomic ratio of Ni/(Ni+W) is an important factor that affects the
hydrodesulfurization(HDS) activity of NiW/ y -ALO; catalyst.
However, the optimal ratio is different in the literature. In this
presentation we offer an evidence that the tiny WS,-like crystallite is
of 3R-WS,; type structure. The reason is given for the explanation
why the optimal ratio is 0.23 for catalysts sulfided at higher
temperature.

Experimental

Catalyst preparation. Y -Al,O; were used as support. Catalysts
were prepared by wetness impregnation of support with an aqueous
solution containing nickel nitrate and ammonium tungstate, followed
by drying at 120 ‘C for 4 h and at 500 ‘C for 4 h. All the catalysts
contained 0.19 mole atom per 100 gram of support with different
Ni/(Ni+W) ratio. Catalysts were sulfided at 400 ‘C for 4 h in a flow
of 15 % H,S+H, before reaction and characterization. The bulk WS,
were prepared by the sufidation of ammonium tungstate at the same
conditions.

Catalytic activity. The activities of catalysts for thiophene
hydrodesulfurization were measured by using a continuous flow
reactor with on-line gas chromatography system. 1 gram of catalyst
with 1 gram of silicon carbide particles were packed in the reactor.
Catalysts were sulfided, and then feed with 25% thiophene+hexane at
LHSV=6 h', 275 °C and 310 ‘C, a hydrogen pressure of 4.14 MPa,
and Hy/oil ratio of 2000 v/v. Reaction rate constant £ were calculated
according to first-order kinetics®.

Catalyst characterization. XRD patterns were collected on a
Simens diffractometer D5005(Cu-K . radiation). Extended X-ray
adsorption fine structure(EXAFS) spectra of catalysts were recorded
at Beijing Synchrotron Radiation Laboratory, Institute of High
Energy Physics, Chinese Academy of Scienes. laser Raman
spectra(LRS) were measured on Brucker RFS—100 instrument.

Results and Discussion

Preparation parameters, such as: metal loading; atomic
Ni/(Ni+W) ratio; impregnation procedure; calcination temperature;
activation procedure, may strongly affect the HDS activity of
supported NiW/ v -Al,O; catalysts. At the general preparation
conditions, atomic Ni/(Ni+W) ratio is one of the most important
factors, since the addition of nickel has been one of the main routes
to prepare improved catalysts. The ratio determines the amounts of
active sites, promotion behaviors, and catalyst cost. The optimal
Ni/(Ni+W) ratio for alumina supported Ni-W catalysts varied in the
wide range from 0.375 to 0.6, and is much higher than the well-
known optimal ratio of 0.23 ~0.33 for Co-Mo and Ni-Mo
hydrotreating catalysts’. The results obtained in this work are
arranged in figure 1, which gives the reaction rate constant of
thiophene HDS vs the composition of NiW/ vy -Al,0; catalysts.

35
304 310 ;=
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2.0

275 ;= L]

Reaction Rate Constant /cm’.g".S'

0.5

0.0 T T T T
0.0 0.2 0.4 0.6 0.8 1.0

Ni/(Ni+W) Atomic Ratio

Figure 1. Thiophene HDS reactivity over sulfided NiW/ v -Al,04
catalysts.

The feature of the results is the marked increase in the catalytic
activity with addition of of nickel atoms, the acitity increases
significantly and pass through a maximum at Ni/(Ni+W) ratio of
0.23.

EXAFS was carried out to explain the above results. Figure 2
shows the Fourier transforms of tungsten EXAFS spectra for
prepared WS, and the sulfided NiW/ v -Al,O5 catalysts.

R (10"'m)

Figure 2. Fourier transforms of tungsten EXAFS spectra for sulfided
NiW/ v -Al,Os catalysts. (1) prepared WS,;(2) Niw-0.13"; (3) NiW-
0.23; (4) NiW-0.43; (5) NiW-0.54; (6 ) NiW-0.80. ": the number
denotes the atomic Ni/(Ni+W) ratio.

For each of the catalysts, there are two main peaks, which
correspond to the first W-S and W-W coordinations in WS,
crysallites, respectively. The highest intensities of the W-S and W-W
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peaks were for the prepared WS,, since the bulk WS, compound is
complete cystal. EXAFS patterns of sulfided NiW/ ¥ -Al,O; catalysts
is very similar to the parrern of the prepared WS,, which means that
the state of W existence is WS,-like crysallite.

The structural parameters resulting from the fit of the EXAFS data
of sulfided catalysts are listed in table 1.

Table 1. Structural parameters of the W-S and W-W
coordinations for sulfided NiW/ v -Al,O; catalysts.

W-S W-W
Catalyst
Nws Rws (nm)  Nww  Rww (nm)
Niw-0.13 4.90 0.241 1.97 0.315
Niw-0.23 4.58 0.241 1.72 0.315
Niw-0.43 5.95 0.241 2.43 0.315
Niw-0.54 5.62 0.241 2.02 0.315
Niw-0.80 4.79 0.241 2.45 0.315

As discussed afterwards, W-S coordinations of bulk WS,
compound is 6.0. W-S coordinations of all sulfided NiW/ Y -Al,04
catalyst are smaller than 6.0, which means that the WS, crystallite on
the surface of catalysts is not complete one. The W-S and W-W
coordinations of sulfided NiW-0.23 catalyst are the smallest of all
sulfided NiW/ v -Al,O; catalyst, which implies that the size of WS,-
like crystallite is the smallest.

Being similar to Co-Mo-S model, Ni-W-S phase is WS,-like
structures with the Ni atoms located at edges(or corners) of WS,-like
crystallite. The smaller the WS,-like crystallite, the more the edges(or
corners) of WS,-like crystallite for Ni atoms to occupy. The smaller
WS,-like crystallites on the surface of Catalysts is benefical to the
formation of Ni-W-S phases. Thus, the sulfided NiW-0.23 catalyst
with smaller WS,-like crystallite, has higher HDS activity.

The loadings used in industrial applications are usually governed
by the desire to achieve as a high activity as possible with as small
amounts of the expensive metals as possible'. The tungsten loading
used is typically in the range of 15~23 wt% W. This corresponds to
approximately a monolayer coverage for an alumina support with a
typical surface area of about 230 m”/g. The tungsten loadings in this
work is all less than a monolayer coverage. Thus, tiny WS,-like
crystallite on the surface of sulfided NiW/ ¥ -Al,O; can not be
detected by XRD method, as only bulk compound of crystallite can
be detected by the method. laser Raman spectroscopy can be used for
the investigation of bulk compound as well as dispersed phases®. By
combination of these two methods, the microstructure of WS,-like
crystallite on the surface of sulfided NiW/ ¥ -Al,O; can also be
identified. The Raman spectra of commercial WS,. prepared WS,
and sulfided NiW/ v -Al,0O; catalyst were shown in figure 3.
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150 328 Pepared W,
J‘/ ‘//ﬁ 0
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e I
L L
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|
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Figure 3. Raman spectra of the sulfided NiW/ ¥ -Al,O; catalyst and
bulk WSZ

For bulk commercial WS,, two peaks at 357 and 421 cm’!
attribute to the typical peaks of 2H-WS,;. Thus, commercial WS,
exists as 2H-WS, structure. 2H-WS,; is an example of a six-fold
coordinated layer structure in which the coordination is not
octahedral’. The crystal is hexagonal with the elongated bimolecular
units: a,=0.318 nm, c¢=1.25 nm.

The sulfur atoms around the metallic atom are at the corners of
right equilateral trigonal prisms which share vertical edges with one
another to build up WS, layers normal to the cq axis. The crystal is
built up by repeating these complete layers one above another
according to the alternating requirements of hexagonal close-
packing. Parallel to ¢, axis, the sulfur anion repeats in the order of
AA, BB, AA -+ . Because the spectra of commercial WS, is
different from others, prepared WS, and sulfided NiW/ v -AlLO;.
catalyst are not of 2H-WS, structure.

The structure of prepared bulk WS, can be identified by XRD. Its
XRD pattern was given in figure 4.

. . . . .
10 20 30 40 50 60 70 50
2E/( ")

Figure 4. XRD patterns of prepared WS,.

It is found that prepared WS, is mainly in the state of 3R-WS,
structure by compared data shown in figure 2 with data from the card
35-651 and card 8-237 of JCPDS(the Joint Committee on Powder
Diffraction Standards). The form of 3R-WS, is rhombohedral and
bears the same kind of relation to hexagonal MoS,. However, the
sulfur anion repeats in the order of AA, BB, CC, AA -+ . ts
trimolecular hexagonal cell has the dimensions’:

ag =0318 nm, ¢c,, =1.875 nm.

As shown in figure 1, the Raman spctra of prepared WS; is very
similar to that of sulfided NiW/ v -Al,O; catalyst. It is inferred that
tiny WS,-like crystallite on the surface of sulfided NiW/ Y -Al,O;
catalyst is also mainly in the state of 3R-WS, structure, as the two
samples sulfided at the same conditions. The tiny WS,-like crystallite
on the surface is incomplete crystal, for it just contains several units.
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Introduction

The need for better hydrodesulfurization catalysts to fulfill the more
strict environmental restrictions imposed on the sulfur content of transport
fuels has prompted the researchers in the field to look for more active and
selective catalyst formulations.! Several studies suggested that changing
the support into titania> or alumina-titania mixed oxides® would show
promising results. However, despite all the previous studies, no
explanation for the substantial difference in HDS activity between
alumina- and titania-supported catalysts has yet been elucidated.

In the previous work, the authors showed that the sulfidation states
and behavior of sulfur on working hydrodesulfurization catalysts could be
determined using *S tracer methods.*® The object of the present work is
to determine the sulfur behavior for TiO,-supproted molybdenum
catalysts using *°S tracer methods. A *°S radioisotope pulse tracer method
using 35S-labeled H,S, which can exactly determine the sulfidation state
of the catalyst,*” was used to investigate the sulfidation and reduction
states of Mo/TiO, catalyst. Moreover, a *°S radioisotope tracer method
using *°S-labeled dibenzothiophene ([*S]DBT), which can give
information about the behavior of sulfur on the working catalyst, ** was
used to elucidate the sulfur mobility on the sulfided Mo/TiO, catalyst
under the reaction conditions.

Experimental

Catalysts. TiO, support used in this study is a reference catalyst
with a surface area of 70 m%g supplied from the Catalysis Society of
Japan. The Mo/TiO, catalysts were prepared by the incipient wetness
impregnation of TiO, support with an aqueous solution of ammonium
heptamolybdate as required. This was followed by drying at 120°C for 3h
and calcination in air at 500°C for 3h. The catalysts were denoted as
MT(2), MT(@3.5), MT(5), MT(6), and MT(12) where the values in
parenthses represent MoOs contents, corresponding to 2.0, 3.5, 5.0, 6.0,
12.3 wt% MoO;, respectively.

Sulfidation of Mo/TiO, catalyst using *S-labeled H,S. A *S-
radioisotope pulse sulfiding method was developed to investigate the
sulfidation process. The pulse tracer apparatus is reported elsewhere.” A
pulse of 30 vol% [**S]H,S in hydrogen was introduced in the fixed-bed
reactor with a gas sampler (2.46 ml) every 10 min under N, carrier gas
(0.5 MPa, 40 ml min™). The radioactivity of unreacted [*>S]H,S absorbed
by a commercially available basic scintillation solvent every 10 min was
measured by a liquid scintillation counter (LSC).

HDS of [*S|DBT. The HDS experiments were carried out with a
fixed-bed reactor. The catalyst was presulfided with a mixture of 5 vol%
H,S in H, flowing at 5 1 h™', 0.1 MPa. After presulfiding, the reactor was
cooled to room temperature and then pressurized with hydrogen. A decalin
solution of [**S]DBT was fed into the reactor at the reaction temperature
by a high-pressure liquid pump. Typical reaction conditions were as
follows: H, flow rate 25 1 h', WHSV 28 h’', reaction pressure 5 MPa,
concentration of DBT in decalin 1.0 wt%. The liquid products were
collected every 15 min and analyzed by gas chromatography with an FID
detector and a commercial capillary column. The radioactivity was

measured by LSC. The feed was changed from [’S]DBT to [**S]DBT,
neat decalin, [*>S]DBT successively after a reaction in each period reached
a steady state. A typical operation procedure using [>S]DBT radioisotope
tracer method has been described in detail elsewhere.*®

Results and Discussion

Sulfidation of Mo/TiO, catalyst using **S-labeled H,S. Figure 1
shows the change in radioactivity of [*S]H,S eluted during the sulfidation
of MT(2) and MT(6) catalysts at various temperatures. For each catalyst,
the radioactivity of unreacted [*>S]H,S at 100 and 200°C approached a
constant value, equal to the radioactivity of the pulse introduced, while at
300 and 400°C, [3SS]HZS seemed to accumulate on the catalysts slowly;
thus the radioactivity of unreacted [*>SJH,S found it difficult to approach
the radioactivity in the introduced pulse. The amount of sulfur
incorporated into the catalyst could be calculated by subtracting the
radioactivity of released [>S]H,S from the total radioactivity introduced
(the shaded area).” For MT(2) and MT(6) catalysts, the total sulfur were
calculated to be 9.7 and 29.1 mg-S/g-cat respectively when all MoOs
species were present as MoS,. It is reported in our previous study’ that
MoO; supported on Al,O; can be almost sulfided to MoS, at 400°C.
Therefore, it is supposed here that at 400°C all MoOj; species on TiO,
support were present as MoS,, and that a part of TiO, support could still be
sulfided when MoO; was supported on it. Such results suggested that the
sulfide TiS, should play an important role on the HDS activity under the
reaction conditions.

Behavior of sulfur on the sulfidled Mo/TiO, catalyst. HDS of
[**SIDBT was performed to investigate the behavior of sulfur on MT(6)
catalyst in the steady state. Figure 2 shows a typical operation procedure
of S tracer method. The HDS reaction of [*>S]DBT was carried out on a
sulfided MT(6) catalyst at 360°C. Initially, a decalin solution of 1wt%
[*>SIDBT was pumped into the reactor until the conversion of DBT
became constant. A decalin solution of 1wt% [S]DBT was then
substituted for the [*>S]DBT and reacted until the formation amount of
[PS]H,S became constant. After [°S]DBT was introduced, the
radioactivity of unreacted [*S]DBT in the liquid product increased and
approached a steady state immediately. However, it took ca. 75 min to
achieve a steady state in the radioactivity of [>S]H,S produced. In order to
determine the behaviour of sulfur more accurately, the [>S]DBT solution
was subsequently replaced by decalin solvent. It was observed that a
portion of **S, which is represented by the shaded area A in  Figure 2,
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Figure 1 Sulfidation of 6%MoOy/TiO, catalyst with [*°>S]H,S pulse at
various temperatures.
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Figure 2. Changes in Radioactivities of Unreacted [*>S]DBT and Formed
[**S]H,S and DBT Conversion with Reaction Time (360°C)

remained on the catalyst. When decalin and H, were used to purge the
catalyst, less release of [*S]H,S was detected. When the reactant solution
was replaced by [>S]DBT again, a portion of *°S can be released again as
[**S]H,S, as shown in Figure 2 (shaded area B). This portion of S was
approximately equal to shaded area A, which represented the total amount
of labile sulfur on the catalyst under this reaction condition. According to a
method reported in reference 17, the amount of labile sulfur can be
calculated from the total radioactivity of the [*S]H,S released after
[**SIDBT was reintroduced, i.e., shaded area B. To discuss the release
process of [*S]H,S more accurately, the rate constant of [*°SJH,S release
from ¥S-labeled catalyst was determined. As reported previously,® the
release of [*SJH,S in the range of area B shown in Figure 2 can be
explained with respect to a first-order reaction and the rate constant of
* STH,S release, krg Was determined.

In order to understand the promoting effect of TiO, support on Mo
species under reaction conditions, the amount of labile sulfur (Sp) and the
rate constant of H,S release (kgg) for 6% MoOy/TiO,, 6% MoOy/ALO,*
and TiO, support*are given in Table 1. TiO, support presents less labile
sulfur, although it was active in HDS of DBT, which clearly indicates that
the HDS mechanism on TiO, support is different from that on Mo-based
catalyst. It is suggested that the sulfur vacancies on the reduced sulfided
TiO, support would act as the active sites for HDS reaction without sulfur
accumulation.* Compared with the Mo/ALO; catalyst, the Mo/TiO,
catalyst shows a little higher amount of labile sulfur (S,); it is most
important that about 2 times higher rate constant of H,S release (kgg) is
obtained on the Mo/TiO, catalyst. The amount of labile sulfur (S,)
represents the number of active sites and the rate constant of H,S release
(krg) represents the mobility of active sites on the surface of the catalyst.
Therefore, the results indicate that the presence of TiO, makes the sulfur
on the sulfided Mo/TiO, catalyst more mobile rather than increasing the
number of the active sites. In a recent study, we have proposed that the
promoting effect of cobalt for molybdenum catalyst was due to increased
mobility of the sulfur in the so-called “CoMoS” phase where the strength
of the Mo-S bond was considered to be weakened.! Similarly, the
promoting effect of TiO, on Mo catalyst is supposed to bring about the
decrease in the strength of Mo-S bond, since the sulfur mobility on the
catalyst is dependent on the bond strength of the metal sulfide. The
strength of the Mo-S bond on TiO,-supported catalyst is assumed to be

Table 1. Amount of sulfur, release constant of [*°S]H,S and HDS
activity on MT(6), MA(6) catalysts and TiO, support

Sy (mg  kgp (102 rype (mg
g-cat’) min!) min! g-cat!)

Catalyst Temp. Conv. Scyp
©) %) (%)

MT@6) 360 832 444 6.51 8.93 0.68

MA®@®6) 360 369 10.6 5.98 4.61 0.30

TiO, 39 196 437 052 — 016
NN, NP2 S oSN S
g/MKS)WKS M S/MKS*/M 0\s_. S/M(\s*_/M (\s
N 25N 7 s = s Sa_ & " S
/Ti\ /Tl\ \Ti i/ \Ti- .i/
SEARSAR NN o NN

Figure 3. TiMoS phase structure for a Mo/TiO, catalyst

weaker than that on AlOs-supported catalyst. As shown in Figure 3,
under H, atmosphere the sulfided Ti species can be reduced to Ti*" and
sulfur vacancies with electrons trapped in are formed. Sulfur in MoS,
coordinates the sulfur vacancies in the sulfided Ti species and the so-called
“TiMoS” pahse is generated. The injection of electrons from Ti to Mo
through sulfur will decrease the Mo-S bond energy. Therefore, it is
suggested that the role of TiO, in Mo catalyst is not only to act as a
conventional support but also to act as an electronic promoter of the
molybdenum sulfide phase.

Conclusions

When MoO; were supported on TiO, support, the sulfidation of
TiO, support would also occur. Compared with Mo/ALO; catalyst,
Mo/TiO, catalyst shows a little higher amount of labile sulfur (S,) and
about 2 times higher release rate constant of H,S (kzg). It was suggested
that TiMoS phase structure generated for a Mo/TiO, catalyst weakens
Mo-S bond to increase the rate of H,S release and the HDS activity.
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Introduction

In recent years, there is a growing interest in the demand of high
quality transportation fuels with lower contents of sulfur and
aromatics. In order to reduce the aromatics and to raise the cetane
number of diesel fuel, deep hydrogenation of diesel fuel may become
necessary in the future. Deep hydrogenation of jet fuel feedstock is
also important for producing advanced thermally stable jet fuels.

Typical conventional hydroprocessing for diesel is operated at
330-360 [, and typical catalysts are Co-Mo and Ni-Mo supported on
alumina. Since the hydrogenation of aromatics is highly exothermic,
there is an equilibrium limitation for the hydrogenation at high
temperature. On the other hand, conventional Co-Mo and Ni-Mo
catalysts have to be used at higher temperature due to relatively low
activity of them at low temperature. Noble metal catalysts are
potential candidates for deep hydrogenation of diesel fuel at low
temperature because of their high hydrogenation activity. However, it
is well known that the noble metal catalysts are easily deactivated by
sulfur compounds. Therefore, a two-stage hydroprocessing is adopted
for deep hydrogenation. At the first stage, sulfur content is reduced to
less than 5 ppmw by ultra deep hydrodesulfurization, and after
hydrogen sulfide stripping, deep hydrogenation of aromatics is
conducted in the second stage by using noble metal catalysts. The
reduction of the sulfur contents in diesel fuel to less than 5 ppmw by
hydrodesulfurization process is difficult and requires large
investment.'

Some approaches to developing sulfur-resistant hydrogenation
catalysts have been reported.” At Penn State, we have been
exploring the noble metal catalysts with higher sulfur-resistance.®'
We reported Pd catalysts supported on zeolites tend to show higher
tolerance in the batch tests. In the present study, a continuous flow
fixed-bed reactor was used for the hydrogenation of tetralin to
decalins in the presence of benzothiophene as a model reaction for
saturation of aromatics in diesel and jet fuel feedstock. As noble

metal catalysts, Pd and Pt supported on alumina, titania and some
zeolites were prepared and examined.

Experimental

Preparation of catalysts. Pt supported on alumina and Y
zeolite (HY) catalysts were prepared by incipient wetness
impregnation of an aqueous solution of H,PtCls[1xH,O (Aldrich)
with a nominal metal concentration of 2 wt %. Pd catalysts were
prepared by incipient wetness impregnation of either PdCl, (Aldrich)
dissolved in dilute hydrochloric acid (sufficient to form soluble
PdCL*) or (CH;CO,),Pd (Aldrich) dissolved in acetone with a
nominal metal concentration of 2wt %. The details for metal salts and
type of supports are listed in Table 1.

After drying, the catalysts were calcined in air at 450 [J for 3
hrs. Before use, the catalysts were reduced in a continuous flow
reactor at 350010 under H, flow at atmospheric pressure for 1 hr.

Reaction system and procedure. Catalytic reaction tests were
conducted at 22001 and 1,000 psig (7 MPa) hydrogen pressure in a
continuous-flow fixed-bed stainless steel tubular reactor. In the fixed
bed, 3.3 ml of catalysts (2.0 - 0.5mm particles) were loaded, and o-
alumina was loaded over and under the catalyst.

Feed used in the present study is 20 wt % tetralin (1,2,3,4-
tetrahydronaphthalene, Aldrich 99%) in hexadecane (Aldrich, 99+%,
anhydrous) in the absence or in the presence of benzothiophene (BT,
Aldrich, 99%) with 500 ppmw based on sulfur. The liquid feed space
velocity LHSV = 2.0 hr', and Hy/oil ratio is 800 Nml-gas/ml-liquid.
The liquid product samples were collected periodically and analyzed
quantitatively by GC-FID (HP 5890).

Results and Discussion

Table 2 and Figure 1 show the results for the hydrogenation of
tetralin over various supported Pd and Pt catalysts in the presence of
BT. The hydrogenation activity of Pt catalysts supported on alumina
and Y zeolite was drastically decreased in the first three hours. The
activity of Pd catalyst supported on alumina also declined. However,
through comparison of these catalysts, Pd catalysts supported on
titania and zeolites appear to be relatively more resistant to sulfur
poisoning and more stable than the other catalysts after sulfur
poisoning.

However, as can be seen from Table 2, the loading density of Pd
supported on titania is higher than that of other catalysts. The
advantages of zeolite-supported Pd catalysts are more apparent in
terms of higher conversion event at lower catalyst loading compared
to the case with alumina-supported Pd catalyst.

Table 1. Properties of supports and the supported Pd and Pt catalysts

Catalyst Support Type Support Surface Area Si0,/AL O3 Precursor Metal Metal Loading
Code m%/g Molar ratio Salt Wt%

Pd/HY(5) Y zeolite CBV600 660 52 (CH3CO,),Pd 2.0
Pd/HY(46) Y zeolite CBV740 840 46 (CH;CO,),Pd 2.0
Pd/HM Mordenite CBV30A 512 37.5 (CH3CO,),Pd 2.0
Pd/MCM-41 Al-MCM-41 Al-MCM41(50) 1289 50 PdCl, 2.0
Pd/Al,O4 y-Alumina LaRoche 155 Not applicable (CH;CO,),Pd 2.0
Pd/TiO, Titania Degussa P25 71 Not applicable PdCl, 2.0
Pt/HY(5) Y zeolite CBV600 660 52 H,PtClg[ 1xH,0 2.0
Pt/Al,0O; y-Alumina LaRoche 155 Not applicable H,PtCls[1xH,O 2.0
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Table 2. Hydrogenation of tetalin over supported Pt and Pd catalysts at 220 °C in a flow reactor

Catalysts PYALO; PYHY(5) Pd/ALO; PA/HY(5)
Loading density, g/ml 0.550 0.486 0.520 0.474

Sulfur content, ppmw o 500 o 500 o 500 500
Reaction time, hrs 4 | 2 | 4 6 | 4 2 4 4 2 4 |2 4 6
S / Metal, by atom wWa | 089 178 267 | na 101 202 | wa 051 103 |056 113 169
Conversion, % 982 | 885 | 305 | 57 | 94 | 527 | 53 | 947 | 787 | 53 |757 | 555 | 483
Catalysts PA/HY (46) PA/TiO2 Pd/MCM-41 Pd/HM
Loading density, g/ml 0.363 1.010 0.345 0.473

Sulfur content, ppmw 500 500 500 500
Reaction time, hrs 2 4 6 > 4 6 7 ) 4 6 5 4 6
S / Metal, by atom 0736 | 147 | 221 | 026 | 053 | 079 | 093 | 078 | 155 | 233 | 057 | 113 1.70
Conversion, % 674 | 452 464 | 913 889 | 364 207 | 399 | 195 190 | 594 542 426

[JReactions were conducted at 2200 ]and 1,000psig hydrogen pressure in a continuous fixed bed stainless steel tubular reactor.
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Figure 1. Hydrogenation of tetralin over noble metal catalysts at
22007 and 1,000 psig of hydrogen pressure in the presence of 500
ppm sulfur.

Figure 2 compares the hydrogenation activity versus the atomic
ratio of sulfur to metal loading on the support. Pd catalysts supported
on Y zeolites, Mordenite and MCM-41 are more sulfur-resistant and
stable than other Pd catalysts when the sulfur-to-metal ratio is higher
than 1.0.

Addition of BT into the feed decreased the hydrogenation
activity of all the noble metal catalysts. However, it appears that
zeolite supporters improve significantly the sulfur resistance of Pd
catalysts. In other words, zeolite-supported Pd catalysts are clearly
superior to zeolite-supported Pt catalysts under the conditions used.

For the Pd catalysts supported on zeolites, the difference
between Y zeolite and mordenite supported cases in Figure 2 is not
very large. However, they both are superior to the mesoporous
aluminosilicate molecular sieve AI-MCM-41.

Figure 2. The hydrogenation activity over Pd catalysts as a function
of the atomic ratio of sulfur and metal.

After the hydrogenation conversion decreased to 50% on for Y
zeolite supported Pd catalyst, when the feed with sulfur was changed
to the feed without sulfur it was observed that the hydrogenation
conversion was recovered in a few hours, indicating the deactivation
of the Y zeolite supported Pd catalyst by sulfur poison is reversible
and recoverable.

These flow-reactor results support our proposed design
concept™!® of sulfur-resistant noble-metal catalysts, which is based
on shape selective exclusion with molecular sieve structure,
hydrogen spillover and two types of sulfur resistance that was
developed based on our earlier batch tests.®*

Conclusions

On the basis of the hydrogenation of tetralin over different
catalysts in the presence of benzothiophene, 1) Pd catalysts show less
sensitive to sulfur compounds than Pt catalysts; 2) Pd and Pt
supported on zeolites are superior to Pd and Pt supported on alumina
and titania in their sulfur-resistant performance; 3) The deactivation

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2003, 48(2), 610



of Pd catalysts supported on zeolites by the sulfur compound is not
permanent, but reversible.
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Introduction

Catalytic deep hydrogenation of aromatics and desulfurization
of diesel is playing a more and more important role in providing
environment-friendly fuels. Supported noble metal catalysts on
various supports have been proved being superior catalysts for low-
temperature  hydrogenation of aromatic [1,2] and hydro-
desulfurization at high temperatures [3]. However, they are sensitive
to sulfur. A trace of them can poison the catalysts. High content
Ni/SiO, or Ni/Al,O; are practical catalysts to hydrogenate aromatic
and remove tough sulfur species from diesel and other fuel oils. In
the present work, the performances of different Ni-based catalysts
were described and the nature of hydrogenation of aromatic and
desulfurization was investigated.

Experimental

Catalyst: Ni/SiO, and Ni/Al,O; catalyst with Ni content of 60%
were prepared by co-precipitation method, followed by calcinations
and extrusion.

Catalytic test: The catalytic performance of Ni/SiO, and
Ni/Al,O3 catalysts for aromatic hydrogenation and desulfurizastion
were tested on a pressurized fixed-bed continuous flowing stainless
steel reactor (i.d. 1”) packed with extruded catalyst (diameter of
1/16°). The test condition simulated industrial operating process:
LHSV of 3h'; pressure of 450psig and temperature of 190°C. An
excess of H, was co-supplied to the reactor with diesel feedstock,
which consists of 25.5% of aromatic, 4.2% of poly-aromatic and
S55ppm of sulfur organic (benzothiophene, dibenzothiophene etc
sulfur poly-aromatic).

Product analysis: The quantitative analysis of aromatic and
sulfur in the products were carried out using an aromatic analyzer
with FID detector and sulfur analyzer (ANTEK 7400), respectively.
A HP 6890 GC with FID detector was used to detect cracking
hydrocarbon product in the gas phase.

Results and Discussion

Ni/SiO, and Ni/Al,O; show excellent activity for aromatic
hydrogenation using a sulfur-free feed. 100% aromatic conversion
can be achieved on these two catalysts at desired temperatures.
However, the S-containing feed leads to the deactivation of the
catalysts because the sulfur compounds may deposit on the catalyst
surface and poison the active sites. With the time on stream, aromatic
conversion decreases (or aromatic leakage increases) and sulfur
leakage in the liquid product increases.

Hydrogenation activity relates to the Ni particle size, but sulfur
tolerance depends on several different factors. High Ni specific area
in the Ni/ALLO; and Ni/SiO, catalysts is crucial for a high
performance catalyst. For the same type Ni-based catalyst, sulfur
tolerance increases with the increase of Ni specific surface area. A
linear relationship between Ni specific surface area and sulfur
tolerance was observed, as shown in Figure 1. However, the linear
relationships for different Ni-based catalyst, i.e. Ni/SiO, and
Ni/Al,O3, show significant difference. It is not the same type of linear
relationship between sulfur tolerance and Ni surface area of different
type catalysts (Ni/SiO, and Ni/Al,O3), indicating different intrinsic
catalytic capacity per unit Ni surface on Ni/SiO, and Ni/Al,04

catalysts. The results strongly demonstrate that, except for Ni surface
area, the support has significant effect on the performance of
aromatic hydrogenation and sulfur tolerance.
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Figure.1: Correlation between sulfur tolerance and Ni specific
surface area of different Ni-based catalysts.

Figure 2 illustrates the difference of the performance of Ni/SiO,
and Ni/Al,O; catalysts for aromatic hydrogenation and sulfur
tolerance. Their deactivation behaviors are very different. Although
Ni surface area of Ni/SiO, is lower than Ni/Al,Os, the deactivation
rate at beginning hours on Ni/SiO, is much lower than that on
Ni/Al,Oj3; after 48hours’ run on Ni/SiO,, aromatic shows up in the
product and the deactivation rate increases and becomes higher than
that on Ni/ALOs. In another word, Ni/SiO, catalyst exhibits two
different deactivation rates.
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Figure 2: Comparison of the performance of Ni/SiO, and Ni/Al,O4
catalysts for aromatic hydrogenation and sulfur tolerance. Ni surface
area, Ni/SiO, : 34.9m?/g s, Ni/ALO; : 42.0m%/ gy

The results indicate the pore structures of Ni/Al,O; and Ni/SiO2
catalysts play an important role. As shown in Figure 3, the mean
maximum pore diameter of Ni/Al,O; catalyst is much bigger than
that of Ni/SiO, and there is almost no small pore (<20 A). Ni/SiO,
catalyst shows a bi-model pore structure. The smaller pore size is
between 6~25A and bigger pore diameter is in a very narrow range of
30~40A. Since the sizes of sulfur compound in the diesel fuel might
be bigger than the smaller pores in Ni/SiO,, the diffusion adsorption
of sulfur species on the active Ni sites in small-pore would be
prohibited by the pore size. Aromatic/poly-aromatic and
benzothiophene/ ploy-ditheophene molecules would easily enter into
those big pores and are hydrogenated or deposited on active Ni
surface in big pores, resulting in the deactivation. However, H,
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molecules can readily diffuse into both big and small pores and
dissociatively adsorb on the active Ni surface. Those dissociatively
adsorbed hydrogen might migrate from small pore to big pore by
surface diffusion or spillover, which is much faster and more efficient
than direct gas molecule transportation in pore channels. The
spillover hydrogen has extra-high reactivity and could partially re-
generate the poisoned metallic active sites by surface hydrogenation
of organic sulfur compound to H,S. H,S can be purged away by the
stream; or some of them can further bond with metallic Ni to form
NiS, clusters, resulting in the second deactivation. Since the small
pore could not stop the diffusion of H,S to small pore, the active Ni
sites in the small pore would be finally poisoned by H,S. As a result,
the deactivation behavior of Ni/SiO, would become similar to that of
NI/AL,Os. Since the Ni surface area of Ni/Al,Oj3 is higher than that of
Ni/SiO,, the deactivation rate of Ni/SiO, after 48hours’s run becomes
higher than that of Ni/AL,Os. If the Ni surface areas if Ni/SiO, and
Ni/Al,Oj3 are the same or similar, it is found that the deactivation rate
of Ni/SiO, after 48hours’ run is slightly lower than that of Ni/Al,04
(the results not shown).
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Figure 3: Pore diameter distribution of Ni/SiO, and Ni/Al,O;
catalysts

Therefore, the combination of bi-model pore structure makes the
Ni metal sites exhibit higher sulfur resistance than that on the Ni in
single-model pore channels. As a result, it shows higher intrinsic
catalytic capacity for deep aromatic hydrogenation and
desulfurization. The deactivation of the catalyst, however, cannot be
overcome by this combination because H,S can also diffuse into
small pores, poison the metallic Ni sites and leads further
deactivation. This observation and conclusion are in agreement with
the results on zeolites [4].

Conclusion

High Ni specific area is crucial for hydrogenation and sulfur
tolerance. Activity and sulfur tolerance increase with increasing Ni
surface area. A linear relationship exists between Ni surface area and
hydrogenation and sulfur tolerance performance. Ni/SiO, and
Ni/Al,O;3 show significant difference in aromatic hydrogenation and
sulfur tolerance; Ni/SiO, has higher intrinsic activity than Ni/Al,O3
due to ‘combination effect’. Shape selectivity and hydrogen spillover
(surface diffusion) significantly promote catalyst performance for
deep aromatic hydrogenation and sulfur tolerance.
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Introduction

Porous carbons are commonly used as catalysis and adsorbents
and catalyst supports. Because of the presence of the three-
dimensional channels, zeolites have molecular-sieve property used in
adsorption and catalytic purposes. The zeolite-templated carbons has
large surface areas and micropore volumes, without activation that is
required to open new accessible microporous structures "It should
be noted that macropores, mesopores and micropores are defined here
as pores of the width above 50 nm, between, 2 and 50 nm, and below
2 nm, respectively’.

Carbon framework formed in narrow pores of zeolites retained
to templated carbon particles exhibited the morphology of the zeolite
template particles. On the basis of this concept, there were few
studies on the carbon formation in the zeolite nanoscale pores. Poly
furfuryl alcohol' and polyacrylonitrile* was carbonized in the zeolite
channels and then the resultant carbon was obtained by washing with
HF. In addition to zeolite frames, mesoporous silica molecular
sieves™® were also used.

In the present study new porous carbon materials were
synthesized by using a natural Turkish zeolite as template. The
structure and morphology of zeolite-carbon composite and resulted
carbon material was characterized by several means.

Experimental
Zeolite Samples as a Template

Zeolite samples were obtained from Enli Mining Company,
Gordes, Manisa, Turkey. The major mineral present in the samples
were reported to be clinoptilolite. Four different particle sizes of the
zeolite sample (-30 pm, -0.1, -0.5 and -1.0 mm) were used in this
study. Their BET surface areas, (m?/g), pore volume and pore
diameters were given in Table 1.
Synthesis Procedure

The zeolite templates was impregnated with aqueous solution of
sucrose containing sulfuric acid as described in a previous study®. 1 g
of zeolite was added to a solution obtained by dissolving 1.25 g of
sucrose and 0.14 g of H,SO, in 5 g of H,O. the mixture was dried at
100 °C, 6 hours and at 160°C additional 6 hours. After adding again
sucrose and H,SO,4, the same procedure was repeated. The
carbonization was carried out at different temperatures, 700, 800 and
900 °C. The zeolite-carbon composite material was then washed with
concentrated HF for removing the silica template.

The replication of zeolite using phenol-formaldehyde resin was
also studied. The zeolites were ion exchanged with excess 1M NH,Cl
for a total of 3 days. The zeolite samples dried under vacuum at
125°C for 5 hours. Solid phenol was added to the flask and incubated
with the zeolite at 65 °C under reduced pressure overnight. Excess
formaldehyde was heated to 120 °C to liberate its monomer to
produce zeolite-phenol-formaldehyde-resin composite. The samples
were heated to 125 °C at 1 °C/min for 5 hours and carbonized at 700,

800 and 900°C for 14 hours in inert atmosphere?. Figure 1 illustrates
the polymerization of phenol-formaldehyde resin.

Table 1. BET surface area, pore volume and pore diameter of
zeolites templates.

Zeolite BET BJH method BJH method

Type surface cumulative desorption pore
area, m%/g desorption pore diameter, A

volume, cc/g

-30 um 59.44 0.1323 39.39

-0.1 mm 50.18 0.1126 39.37

-0.5 mm 51.20 0.1125 39.33

-1.0 mm 47.15 0.1027 39.24

FTIR Analysis

FT-IR spectra of carbonized and activated samples were
measured with a Bruker EQUINOX 55 FT-IR spectrometer. Coal
samples were dried under a nitrogen atmosphere at 110°C for 24
hours. KBr pellets were prepared by grinding 2.5 mg of dry coal
sample with 200 mg of dried KBr. Spectra were obtained with 200
scans at a resolution 2cm’,

Surface Analysis

Surface areas of activated carbons were determined by a
Quantachrome NOVA 2200 Series volumetric gas adsorption
instrument. Surface area of the samples were determined by using
BET equation in the relative pressure range of 0.05 to 0.30, over five
adsorption points.
X-Ray Diffraction Measurements

X-ray diffractograms of the samples of carbonized and activated
products were measured with a Bruker axs advance powder
diffractometer fitted with a Siemens X-ray gun and equipped with
Bruker axs Diffrac PLUS software. The sample was rotated (15 rpm)
and swept from 2q = 10° through to 90° using default parameters of
the program. The X-ray generator was set to 40kV at 40 mA.

Furthermore, after carbonization of the samples 57% weight loss
was also examined via thermogravimetric analysis (TGA). TGA
using a Netzsch STA 449C instrument were undertaken upon both
the zeolite-carbon complexes and carbon, which was obtained after
tereatment with HF.
NMR Measurements

Samples were probed further by *C CPMAS, *Si CPMAS and
Al MAS NMR using an Inova 500MHz Varian system.">C
CPMAS, ¥Si CPMAS and *’Al MAS NMR spectra were acquired at
125 MHz, 100 MHz and 130 MHz fields respectively, using Si;N,
rotors set to 6 Hz. Pulses were separated by a 1s delay in the case of
carbon, 2s delay in the case of silicon and 0.25s delay in the case of
aluminum.

OH OH

N

Figurel. Schematic representation of the phenol-formaldehyde resin.
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Results and Discussion

BET sureface area and adsorption-desorption analysis of zeolite
templates were perfomed and represented in Figure 2 and 3. As
expected with increasing particle diameter, surface area was
decreased.
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Figure 2. Gas adsorption/desorption isotherms of N, at 77K for the
zeolite template of the -30 um size fraction
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Figure 3. Pore size distributions for the samples (according to the
BJH method®)

In the nitrogen adsorption there is initially uptake, followed by a
rapid approach to equilibrium, and so the most reasonable
explanation for this behavior is that there is significant adsorption
capacity and very high diffusion resistance within the nanopores. The
nanopore surface equilibrates rapidly in the first instances. This is
followed by diffusion into the micropores. The adsorption isotherms
of resultant carbon materials were also analysed. The surface areas
and volumes of replicas produced by HF etching of zeolites were
showed that almost all pores of the zeolite templates were filled with
carbon material.

Nitrogen adsorption isotherms of the zeolite-carbon composites
and carbon provide the confirmation that the resulted carbons were
nanoporous. Because of the zeolite templates have nanoscale pore
size, all zeolite-carbon samples showed low-pressure hysteresis. This
suggest that the nanopores may have constrictions of the width
comparable to the size of the nitrogen molecule. And also there is a
possibility that not all the pores are in the exterior region ".In the
adsorption isotherms of the zeolite-carbon composites, no steps were
observed as in the previous studies ’, which indicates that the almost
all pores were deposited with carbon. BET areas of resulted carbons
have large surface areas.

The percentage of carbon in the zeolite-carbon composites was
estimated from the termogravimetric weight loss in air between 100

and 800 °C. Major weight loss was observed between 700 and 800 °C
for both sucrose and resin case, indicating that carbon was burned in
this range.

Zeolite-sucrose and zeolite-resin carbonized samples have
distinct diffraction patterns consisting of narrow Bragg peaks. The
zeolite-carbon composites have the almost the same XRD patterns
with the zeolite template used for their preparations with lower
intensities. After removing the silica template by washing with HF,
carbon structure was examined in the XRD. Broad diffraction
features were observed at 25 © and 41° 20 which was represented of
(002) and (10) reflections of graphitized carbon, corresponding to the
stacking of carbon sheets, that found in turbostratic structure of
carbon. FTIR studies of synthesized carbons also showed that porous
carbon material have characteristic bands near 3500 cm™, and 1450
cm’ are due to OH stretching and aromatic C-H absorption due to the
aromatic structure of resultant carbon. Further evidence of the
presence of the zeolite-polymer composite was obtained. by FTIR
spectroscopy. Characteristic bands for poly (phenol-formaldehyde)
resin at. 3500 cm™ were assigned to OH stretching modes and several
sharp bands at 1500 cm™ were attributed to C-O, C-C groups similar
to those found for the bulk poly (phenolformaldehyde).

Further work is being carried out to give an explanation the
mechanism of formation of carbon materials and affects of synthesis
conditions to the resultant porous carbon properties.
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Introduction

Faced with heavier crudes and increasingly strict regulations
regarding sulfur content of fuels, better HDS, HDN and HDM
catalysts are sought requiring a deeper understanding of the structure
and function of transition metal sulfide based catalysts. Basic
functions that describe catalyst activity such as the role of promoters
(Co, Ni) and the role of carbon are becoming better understood'.
However, the disordered state of the catalytically stable active phases
has hindered complete understanding and “idealized catalysts™ that
yield specific information do not exist under reactor conditions. In
this report small angle scattering (SAXS), wide-angle scattering
(WAXS), high resolution transmission electron microscopy
(HRTEM) and simulation techniques using CERIUS? software
(ACCELRYS Corp.) are applied to commercial alumina supported
and unsupported CoMo catalysts stabilized in real feeds. Through
application of these multiple techniques new information regarding
structure/function relations in these catalysts are reported.

Background

The first report of the periodic effect in catalysis by TMS
(transition metal sulfides) emphasized the importance of determining
the “stable catalytic state™>. The SCS (stable catalytic state) is the
solid-state phase that is stable in the catalytic environment. For
example the SCS for Mo under standard HDS (hydrodesulfurization)
conditions is MoS, and for Ru is RuS,. Much of the literature that
purports to describe the fundamental origin of catalytic effects
ignores the importance of the SCS and report results on catalyst
precursors that change under catalytic conditions.

The Role of Carbon

Further work after the original paper describing the SCS
discusses periodic relations between the SCS and their ability to
catalyze the HDS and other reactions. However, these papers only
describe the relation between the bulk crystalline SCS and their
catalytic properties. Recent results indicate that the surfaces of the
SCS contain carbon directly bonded to the catalytic metals®. Thus, the
TMS catalysts are properly described as sulfide supported transition
metal carbides (SSTMC). Therefore, the complete SCS for Mo is
MoS,_C, and for Ru is RuS,.,C,. A similar situation exists for Mo
and W catalysts that are promoted with Co or Ni. A description of

TMS catalysts that fails to take into account the important role of
carbon in stabilized HDS catalyst cannot give an accurate description
of the fundamental origin of catalytic properties in these catalysts. It
is also true that promotion must be described as a symmetrical
synergism rather than promotion of one phase by another in order to
understand the true nature of the effect; for example promotion of Mo
by Co and symmetrically promotion of Co by Mo*.

Although the role of carbon in TMS catalytic materials has been
largely ignored due to the difficulty in characterizing carbon on
stabilized catalysts, refinery operators have for many years
recognized the existence of “hard carbon” (carbide carbon) and “soft
carbon” (coke) in hydrotreating catalysts. In this paper the
importance of carbon in understanding the fundamental origins of
catalytic behavior in TMS is discussed. Recent evidence for the TMS
to form stable carbide surface phases is shown in figure 1. Figure 1
shows the carbon edge Auger electron yield for a tested HDS MoS,
catalyst compared with Mo,C. Since the Auger electrons only come
from very close to the surface it is concluded that both surfaces are
identical and that the Mo in both cases is bound to carbon.
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Figure 1: Auger Spectra of Carbon on Catalysts

These studies refer to catalysts that have been pretreated and
then exposed to the catalytic feed. These catalysts become the sulfide
supported carbides (SCS) described above. However, carbon can be
incorporated into the catalyst before pretreatment and this leads to
highly active catalysts with unusual pore distributions’. For example
some catalysts with surface areas greater than 250 m%/gm had most of
the surface area in the 40 - 45A region. We have termed these
catalysts “amorphous zeolitic sulfides” because pore distributions can
be very narrow around 4nm. They also have an unusual “sponge-
like” appearance as shown in Figure 2. This may lead to a fractal
description of these catalysts in the future. Associated with these
properties are unusual selectivity properties.
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Figure 2: SEM of Amorphous Zeolitic MoS, Catalyst

Supported Commercial Catalysts:

The fundamental advances described above have been made on
unsupported pure catalytic phase such as MoS, and promoted MoS,.
Although unsupported catalysts are finding new commercial
application because of their high volumetric activity, working
commercial catalysts are still predominately alumina supported of the
type Co(Ni)MoAL,Os. Although catalytic functions measured on
unsupported catalysts generally extrapolate to supported catalysts,
direct structural information has been hard to obtain due to the
disordered state of the active phases.

In the later part of this report SAXS, WAXS, HRTEM and
simulation techniques using CERIUS? software are applied to
commercial alumina supported CoMo catalysts that have been tested
on real feeds and to non-commercial alumina and silica supported
CoMo catalysts. By combining this data with HRTEM and simulation
data the following conclusions are reported:

e Scattering from the active phases is easily obtained by
subtraction of the alumina support.

e Analysis of the active phase scattering indicates that the
catalyst consists of mainly single layers of MoS, in contrast to
HRTEM studies that “see” only stacked layers (See figure 3).

o Catalysts that have been run for long periods of time under
high-pressure conditions tend to “destack”.

In addition scattering results from catalyst run for extended
periods in high pressure real feed reactors showed the presence of
three phases: MoS,.C,, CosSgand Co metal. This result is surprising
in view of the accepted theories of Co promotion and underlines the
necessity of determining the SCS for operating catalysts as a basis for
understanding activity and selectivity correlations.

Alumina
Fresh catalyst
DBET tested

00z

Intensity (Arbritrary Units)
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Figure 3: Low angle scattering region for supported catalysts.
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INTRODUCTION

It has been known that light cycle o0il(LCO) from fluid catalytic
cracker(FCC) is hard to be desulfurized due to its much higher
aromatic content than straight run gas oil. Aromatic species in LCO
inhibit HDS by occupying the active site for hydrogenation with their
higher adsorption energy than sulfur species. Removal of aromatic
species prior to HDS by hydrogenation looks not practical because of
high hydrogen consumption and presence of strong inhibitor, sulfur
and nitrogen species. Furthermore, hydrogenation of aromatic species
prefer the low reaction temperature due to equilibrium limitation,
meaning the low reaction rate.

We presented already the effect of aromatic and nitrogen
contents on the HDS of LCO to indicate that the aromatic inhibition
is more distinct in HDS of refractory sulfur species, such as 4,6-
DMDBT and such inhibition can not be avoided by using very acidic
catalyst which contains zeolite and higher reaction temperature(360
°O)[1].

In the present study, we examined possible ways to achieve
deep desulfurization of LCO, such as

- splitting of LCO and desulfurization of each fractions.

- lowering the cut point of LCO below boiling point of 4,6-
DMDBT

- blending the low boiling point LCO into LGO

As indicated in the previous presentation, 4,6-DMDBT and other di-
and tri-alky DBT suffer strong inhibition by aromatic species. Hence,
LCO containing the least amount of 4,6-DMDBT and other alky
DBT having higher BP than 4,6-DMDBT is anticipated to achieve
deep desulfurization even with abundant aromatic species in itself.
LGO can be postulated to dilute LCO to reduce the inhibition by
aromatic species. But the beneficial effect may depend on the
characteristics of LCO and its blending ratio. Such points are studied
by using conventional catalysts and reaction conditions.

EXPERIMENTS

LCO, HCO, fractionated LCO were used as feed oil. As-distilled
straight run gas oil, LGO was also used. The basic properties of feed
oils are listed in Table 1. Cut point of the fractionated LCO was not
clear as shown in carbon and sulfur chromatograms in Fig. 1.

Commercially available CoMo/alumina and NiMo/alumina were
used after grinding and sieving with 380 mesh nylon sieve. NiMo
catalyst was characterized to have higher acidity than CoMo catalyst
by NH3 TPD. Hydrodesulfurization experiments were conducted by
using autoclave-type reactor(100 ml internal volume) at 340 or 360
°C. Initial hydrogen pressure was adjusted to 50 kg/cm®. 10 g of feed
oil and 1 g of pre-sulfided catalyst at 360 °C for 2 hours under 5%
H,S/H, stream, were charged into the reactor. Reaction time was 2
hour. Feed and products were analyzed by GC-AED(HP5890Plus
and G2350A).

RESULTS AND DISCUSSION

LCO 300- didn't contain 4-MDBT, 4,6-DMDBT and other
alkylated DBTs. In contrast, LCO 340- contains small amount of
those species as shown in Fig. 1. After 2 hour reaction at 360 °C over
NiMo catalyst, HDS of LCO 300- was nearly completed to give less

than 5 ppmS. LCO 340- gave also the very low level of sulfur, less
than 5 ppmS. However, LCO 300+ and LCO 340+, which contained
larger amount of 4-MDBT, 4,6-DMDBT and other alkylated DBTs,
provided 109 and 278 ppmS in HDS product, which were 4.1 and
17.4 % of total sulfur content of feed oils, respectively. Reaction
temperature was  higher(360 °C) than conventional HDS
condition(340 °C). These observations indicated the possible way to
achieve deep desulfurization of LCO feed by fractionation followed
by conventional HDS of low boiling point fraction.

LGO blended with small amount of LCO(1 wt% and 10 wt%)
was examined at 340 °C for 2 hour reaction as shown in Table 2 in
order to examine the possibility of diluting LCO with LGO for
improvement of HDS reactivity of LCO. Inhibition of aromatic
compounds on HDS was anticipated to be alleviated by diluting it in
LGO, which had less amount of aromatic compounds.

However, blended LGOs showed higher remaining total sulfur
contents than both of LCO and LGO over both of CoMo and NiMo
catalysts. Remaining content of 4-MDBT and 4,6-DMDBT were also
slightly higher than those of LCO and LGO. Over CoMo catalyst,
LGO containing 10% LCO was less active than that containing 1%
LCO. In contrast, NiMo showed reverse reactivity order, LGO-
1%LCO was less active than LGO-10%LCO over NiMo catalyst.
NiMo catalyst was suggested to have higher activity in HDS of LGO
in the presence of LCO due to its higher hydrogenation activity and
acidity than CoMo catalyst. Remaining content of 4-MDBT and 4,6-
DMDBT followed the same trends with those of remaining total
sulfur contents. The above observation means that HDS of LGO was
strongly inhibited by adding small amount of LCO, even 1%, while
LCO could be much more easily desulfurized than LGO. LCO can be
noted by its higher aromatic content than LGO. Hence, small amount
of aromatic compounds could strongly inhibit HDS of LGO.

LCO and HCO, which had different FBP, 322 and 463 °C,
respectively, were compared by hydrotreating at 340 °C over CoMo
and NiMo catalysts. Carbon and sulfur chromatograms are plotted in
Fig. 2. Feed LCO contained 41 ppmS 4,6-DMDBT, which was
0.84% of total sulfur species in LCO. In contrast, Feed HCO
contained 162 ppmS 4,6-DMDBT, 1.26% of total sulfur species in
HCO. HDS results on those feed oils were listed in Table. 2. LCO
leaved only 1.5 - 1.8% of total sulfur content after HDS, while HDS
product of HCO contained 21.5 - 27.5 % of original sulfur content.
Such difference between LCO and HCO was more distinct in
remaining content of 4,6-DMDBT. 12.8 - 21.3% and 79.0 - 81.3% of
4,6-DMDBT contained in feed oil were remained after HDS of LCO
and HCO, respectively. These findings indicated again the
importance of cutting point of LCO to attain deep desulfurization.

NiMo catalyst was more active than CoMo one in HDS of LCO.
4,6-DMDBT in LCO was also more removed over NiMo catalyst
than CoMo catalyst. In contrast CoMo catalyst showed better activity
in HDS of HCO than NiMo catalyst, while the latter catalyst
provided slightly lower content of 4,6-DMDBT in HDS product than
the former catalyst. Superiority of NiMo catalyst in HDS of LCO is
believed to be from its higher hydrogenation activity and acidity,
which is effective to remove the strongly adsorbed aromatic species
and refractory sulfur species. However, such activity was
disappeared in HDS of HCO, suggested to be due to inhibition of
high boiling point aromatics compounds and more refractory sulfur
species. The extent of desulfurization was limited by such inhibitors
and, hence remaining sulfur content was decided by the content of
reactive sulfur species, resulting higher activity over CoMo catalyst,
which has been believed to be more active in HDS of reactive sulfur
species than NiMo catalyst, although CoMo catalyst also suffered
inhibition by aromatic and refractory sulfur species.
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CONCLUSIONS

First of all, deep desulfurization of LCO could be achieved by
splitting LCO and followed HDS of lower boiling point fraction over
conventional catalyst. LCOs fractionated under 300 °C and 340 °C
were successfully desulfurized to less than 5 ppmS. However, high
boiling point fraction(300 °C+ and 340 °C+) showed very limited
HDS reactivity.

Blending of LCO into LGO retarded HDS even with small amount,
in particular over CoMo catalyst. NiMo catalyst showed better
activity in HDS of LGO, LCO and blended LGO than CoMo catalyst.
HDS of HCO was much difficult compared with LGO and LCO.
CoMo provided higher sulfur removal than NiMo catalyst in HDS of
HCO.
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Fig. 1. Carbon and sulfur-specific chromatograms of fractionated
LCOs.

Table 1. Basic Properties of LCOs

Name IBP(°C) FBP(°C) Conf;ﬂfgpm)
LGO - - 13800
HCO 134 463 12900
LCO 168.5 322.0 4800
LCO 300+ LCO Cut fraction over 300 °C 2640
LCO 300- LCO Cut fraction under 300 °C 450
LCO 340+ LCO Cut fraction over 340 °C 1596
LCO 340- LCO Cut fraction under 340 °C 301

Table 2. Remaining content(ppmS) of sulfur species in HDS

products.
Over CoMo Catalyst

Total Sulfur DBT 4-MDBT [ 4,6-DMDBT
LGO 523(3.8%) 0(0.0%) | 11(10.2%) | 19(51.3%)
LCO-1"! 688(5.0%) 1(0.5%) | 14(12.9%) | 20(51.5%)
LCO-107 |  669(5.2%) 1(0.4%) 13(12.2%) | 20(52.6%)
LCO 86(1.8%) 0(0.0%) 4(4.0%) 9(23.1%)
HCO 2776(21.5%) | 2(0.8%) | 143(35.8%) | 132(81.3%)
Over NiMo Catalyst

Total Sulfur DBT 4-MDBT | 4,6-DMDBT
LGO 444(3.2%) 1(1.0%) | 14(12.5%) | 11(29.7%)
LCO-1" 462(3.4%) 1(1.0%) | 14(12.5%) | 13(33.4%)
LCO-107 [ 367(2.8%) 1(0.7%) | 12(10.9%) | 11(28.9%)
LCO 72(1.5%) 0(0.0%) 4(4.1%) 5(12.8%)
HCO 3551(27.5%) | 21(7.6%) | 21(52.7%) | 128(79.0%)

*1: 1 wt% LCO blended LGO, *2 : 10 wt% LCO blended LGO
* Values in parenthesis are ratio of remaining content and original content.
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INTRODUCTION

The specifications and demand of petroleum based fuels have
been changing continuously in the international fuels market. During
the 1990s a series of regulations on the specifications of gasoline and
diesel were introduced in many countries to reduce harmful
emissions from transportation vehicles. For example, in the USA and
Europe sulfur content of diesel was first reduced from 2000 ppm to
500 ppm and it is currently set at 350 ppm. Further reductions in
sulfur limits to 50 ppm have been proposed in Europe with tighter
specifications on other properties such as density, poly aromatic
hydrocarbons, cetane number, etc. Germany has introduced 10 ppm
sulfur limit for diesel from January 1, 2003, and the U.S. will impose
a 15 ppm sulfur cap in 2006. Similar low sulfur specifications are
also targeted in many other countries, and most probably will be
predominant worldwide during the next decade.

Although the new environmental regulations that limit the sulfur
levels of diesel and other transportation fuels to very low levels are
beneficial from environmental point of view, meeting the required
stringent specifications represent a major operational and economic
challenge for the petroleum refining industry. The tightening of
sulfur specifications of diesel fuel to very low levels requires deep
desulfurization of diesel feedstocks. The shift from normal to deep
desulfurization is a very complicated technical problem. Many
factors such as the catalysts, process parameters, and the nature of
sulfur compounds present in the feed can have a significant influence
on the degree of desulfurization of diesel feeds[1-3]. Among these,
the feedstock quality plays an important role on deep desulfurization
since the types of sulfur, nitrogen and aromatic compounds and their
concentrations in different feedstocks are different. In the present
work, a comparative study of the degree of desulfurization of two
different feedstocks, namely coker gas oil (CGO) and straight run gas
oil (SRGO) and their blends under different operating severities was
made. The kinetics of desulfurization of both feeds under deep
desulfurization conditions were also studied.

EXPERIMENTAL

Two feedstocks, namely, SRGO (density@15 °C, 0.846 g/ml;
sulfur, 1.47 wt%; Nitrogen, 60 ppm; aromatics, 27 wt%; Tos = 368
°C) and CGO (density@15 °C, 0.876 g/ml; sulfur, 0. 76 wt%;
Nitrogen, 1020 ppm; aromatics, 46 wt%; Tos = 380 °C) were used in
the present studies. Hydrotreating experiments were conducted in a
fixed bed reactor unit using a commercial Co-Mo/Al,O; catalyst
(surface area = 200 m%/g; pore volume = 0.6ml/g). 75 ml of the
catalyst diluted with an equal volume of carborundum was charged
into the reactor in such a way that the catalyst section was in the
middle section of the reactor. Coarse carborundum and inert alumina
balls were loaded above and below the catalyst bed. After the catalyst
was loaded, the reactor was placed in position inside a vertical
electrically heated furnace. Five thermocouples into a thermowell at
the center of the reactor tube were used to monitor the reactor
temperature at various points. Before the introduction of the feed, the
catalyst was presulfided with 3 wt% dimethyl disulfide in straight run

gas oil using a standard procedure [4]. When presulfiding was
completed, the gas oil feed was introduced and the reactor
temperature and other conditions were adjusted to the desired levels.
During the run, the temperature was changed in the sequence 320 —
340 — 360 — 380 °C and back to 320 °C. After maintaining each
temperature condition stabilized for 24 hours, three samples were
collected at each temperature at 8 h intervals. The sulfur contents of
the feed and hydrotreated products were determined using a
Coulamax sulfur analyzer. Before sulfur analysis, the hydrotreated
product was stripped with nitrogen gas in an ultrasonic water bath to
remove the residual H,S from the product oil. The individual sulfur
compound distributions in the feed and product oils were determined
with a high resolution gas chromatograph equipped with a 30m x
0.32mm x 0.4p SPD-1 capillary column and a sulfur
chemiluminescence detector (SCD).

RESULTS AND DISCUSSION

Fig. 1 shows the residual sulfur content in the hydrotreated
products as function of the operating temperature for the SRGO feed
at two different LHSVs. It is seen that the total sulfur in the
hydrotreated product steadily decreases with increasing reactor
temperature. The LHSV also has a remarkable effect on the degree of
desulfurization. The results indicate that the LHSV has to be reduced
to 2 and the reactor temperature has to be increased to 365 °C to
achieve the desired 350 ppm sulfur in the product oil. In the case of
CGO feed, a higher temperature (377 °C) is required to reach the
same sulfur target indicating that CGO is more resistant to
desulfurization than SRGO (Fig. 2).
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Fig 1. Sulfur in Product vs. Reactor Temperature for SRGO.

4000 ‘
3500 - A
3000 N\
2500
2000 \

1500 | N ™N
1000 | ]

TSN
500 - q
0

30 31 32 33 34 35 36 37 38 39 40
0 0 0 0 0 0 0 0 0 0O

[

Sulfur in Product (ppm)

Temperature (°C)

Fig 2. Sulfur in Product vs. Reactor Temperature for CGO.

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2003, 48(2), 655



Blends of SRGO and CGO were evaluated for deep HDS and the
results showed that inclusion of CGO in the SRGO feedstock
required higher severity operation to obtain the desired low sulfur
level in the product (Fig. 3).
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Fig 3. Effect of Blending CGO with SRGO on the degree of
desulphurization.

With a view to understand the low reactivity of CGO compared
with SRGO, the types of sulfur compounds and their distribution in
both feeds were analyzed by a high resolution gas chromatograph
equipped with a 30m x 0.32mm x 0.4p SPD-1 capillary column and a
sulfur chemiluminescence detector. Fig. 4 shows the sulfur
compounds distribution in CGO and SRGO

CE0

SRR

Retention Time (min)
Fig 4. Sulfur Compounds distribution in CGO and SRGO

It is seen that both feeds contain a complex mixture of sulfur
compounds that can be classified into two major groups: (i) alkyl
benzothiophenes (BT); (ii) dibenzothiophene (DBT) and its alkyl
DBTs. The HDS reactivities of these sulfur containing species are
considerably different. Benzothiophene and its alkyl derivatives are
more easily desulfurized than dibenzothiophene and its alkyl
derivatives. Studies have shown that dibenzothiophene with alkyl
substituents at 4 or 6 or 4 & 6 positions are more resistant to
desulfurization under normal hydrotreating conditions [5-7]. Steric

hinderance by the alkyl groups restricts the access of the sulfur atom
to the active sites of the catalyst.

The results presented in Fig. 4 show that the concentration of the
refractory sulfur compounds are slightly higher in the CGO feed. The
low reactivity of the sulfur compounds could be partly attributed to
this. However, this may not be the only reason for the low reactivity
of CGO. A closer examination of the composition of the two
feedstocks shows that the nitrogen content of the CGO is 17 times
higher than that of SRGO. The aromatic content of the CGO is also
substantially larger than that of SRGO. Model compound studies
conducted in this laboratories on the inhibiting effects of nitrogen and
poly nuclear aromatic (PNA) compounds showed that nitrogen
compounds are stronger inhibitors of HDS than the PNAs. In a recent
study, Knudsen et al., [8] found that nitrogen containing molecules
and in particular basic nitrogen compounds strongly inhibited the
HDS reaction. The inhibition by nitrogen compounds could be a
major cause for the lower HDS of CGO compared with SRGO.
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Fig 5. 1.5 order plot of kinetic data for HDS of CGO

Tests conducted at various LHSVs were used to for kinetic data
analysis and for determining the apparent order for deep HDS of both
types of gas oils. The results presented in Fig. 5 clearly show that a
reaction order of 1.5 fits the kinetic data even under deep
desulfurization conditions. Reaction orders varying between 1.4 and
2 have been reported in the literature for gas oil desulfurization (9-
11). The activation energies calculated from the Arrhenius plots (Fig.
6) were 24 kcal/mole and 30 kcal/mole for SRGO and CGO feeds,
respectively.
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Fig. 6. Arrhenius plots for sulfur removal from straight run and coker
gas oils
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The higher activation energy observed for deep HDS of CGO is
consistent with the key role played by the nitrogen species in
inhibiting HDS reaction. The adsorption of nitrogen species on the
active sites and their poisoning effect usually decreases with
increasing temperature leading to a higher temperature sensitivity for
HDS reaction and thereby resulting in higher activation energy for
the nitrogen-rich CGO feed.
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INTRODUCTION

World refining industry is facing new and stricter challenges on the
heteroatom content in their major products, such as diesel fuel and
gasoline. The sulfur content of diesel fuel must be lowered to 15
ppmS from current 500 ppmS and even further regulations may be
implemented with accelerated concerns on the atmospheric
pollution[1]. Several kinds of new ideas have been proposed and
some of them were practically examined to achieve the ultra deep
desulfurization. However, more efficient and economic process is still
required in spite of various efforts,. Critical barriers in obtaining ultra
deep desulfurization are refractory sulfur species, which have very
low reactivity under conventional hydrotreating conditions, and are
strongly inhibited by H,S, NH; and nitrogen species. The inhibitors
retard the desulfurization reaction, very markedly in ultra deep region
[2, 3]. In our previous study, we intended to improve the
HDS-reactivity by reducing the nitrogen and sulfur species in the
feed oil. Sulfur and nitrogen species were adsorptively removed by
activated carbon. Activated carbon and activated carbon fiber have
been recognized to be versatile absorbents of gaseous and liquid
molecules. Its surface and properties can be easily controlled.

In spite of various advantages in such technology, material cost
may limit its practical application. Hence, more adsorption capacity
and low cost are still wanted with activated carbon.

In the previous study, we examined a number of adsorbents to find
the best one and their reasons.

We attempted to improve the performance of activated carbon and
carbon fiber by modifying its surface property and discovered the
functional groups that are effective for the adsorption.

EXPERIMENTAL
I Activated carbon materials
The activated carbon was treated by HNO;, H,SO, and H,0, and
dried at respective appropriate temperature. The activated carbon was
analyzed by TPD to measure its functional groups
I1. Adsorption
Straight run gas oil (11,780 ppmS and 260 ppmN) used in this
study was provided by a Japanese commercial refinery. Carbon
materials (activated carbons and activated carbon fibers), which were
dried at 110 °C under vacuum oven prior to adsorption experiment,
were packed into the stainless steel tube of 50mm length and 6 mm
diameter. Key properties of carbon materials were listed in Table 1.
SRGO was fed into the tube by a HPLC pump at the rate of 0.1
ml/min and at the pressure of 20psi. The temperature of the
adsorption reactor was maintained at 10~40°C by water bath. The
eluted oil was sampled at every 60min for 30 sec and analyzed by
GC-AED (Atomic Emission Detector, HP5890P, and G2350A).
Results and Discussion
Fig.1 showed the breakthrough profiles of nitrogen species over
various adsorbents. The activated carbons had larger adsorption
capacity than silica gel which practically treated in the refinery. In
this figure, MAXSORB-II of largest surface area and highest oxygen

content showed the best adsorption capacity. And, MAXSORB-III
showed much lower adsorption capacity than that of MAXSORB-II.
However, heating at 600°C under H, atmosphere reduced adsorption
capacity of nitrogen species of MAXSORB-II.

Fig.2 compared the TPD profiles of MAXSORB-II and
MAXSORB-III. The activated carbon produced CO, at 200-400°C
and CO at 600-800°C. MAXSORB-II showed a particular large CO
desorption while another did smaller desorption.

Fig.3 and Fig.4 showed the nitrogen breakthrough profiles by
treated MGC-B and OG-20A series. H,O,-, H,SO,4, HNOs-treated
activated carbons, which dried at 180°C, 400°C and 600°C
respectively, showed better adsorption than those of as received ones.
However, HNOs-treated, which dried at 350°C, showed worse
adsorption than those of as received.

Fig.5 and Fig.6 showed the TPD spectrums of these activated
carbons. As you can see, activated carbon of larger adsorption
capacity for nitrogen species has distinct CO peak at 600-800°C.
MGC-HNO:s, of low adsorption capacity for nitrogen species showed
CO,-peak at 200-400°C. After heated at 600°C and these functional
group was removed, the breakthrough profile showed better one.

These findings indicated that surface species responsible for CO
evolution during TPD is more effective than those for CO,. The latter
groups may inhibit for the Nitrogen adsorption.

The present study clarified that CO producing functional groups
are responsible for adsorptive removal of nitrogen species. Hence
introduction of such group through the surface oxidation appeared to
be very effective to enlarge the adsorption. Basic nature of C=0O may
be responsible to adsorb the acidic and neutral —NH- groups.
Carboxyl group on the surface of activated carbon appeared to reduce
the adsorption of nitrogen species, probably through with COO
groups.

Conclusion

Adsorption capacity of carbon materials depended on the textural
and surface properties of them.

The most important functional group of activated carbon is C=0O
group and carbonyl group maybe inhibit the Nitrogen species
adsorption.
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Introduction

The maximum limit of benzene content in gasoline is set or will
be 1 % in many areas. Scanraff is producing gasoline with 1 %
benzene content according to the specifications. Major contributor to
the gasoline pool is reformate (more than 80 %). So benzene
reduction in the reformate has a major effect in meeting the
specification imposed. Due to this reason Scanraff interested in a
model, which can predict and control benzene in the reformate. There
has been some interest in predicting benzene production in catalytic
reforming in the recent years (1-3). The reactions can be studied with
kinetic modeling when the content of different molecule types are
known in the feed. The objective of this paper is to present a
statistical model which will be able to predict benzene in the
reformate. Multivariate data analysis (MVDA) was used to develop
this prediction model (4). The study was done as a Master of Science
thesis between Chalmers and Scanraff (5)

To Isomerisation Unit

I—V

Feed —— Naphtha Splitter
—>
Catalytic Reformate
’ Reforming
Unit

Figure 1. Blockdiagram of the reformer

Straight run naphtha is mixed with naphtha from conversion
processes and the mixture is hydrodesulfurised (Figure 1). After this
the naphtha is split into two streams, the light part to the
isomerisation plant and the heavier part to the Platformer. The feed to
the Platformer is preheated before it enters the first fired heater
followed by the first reactor. The volume in the first reactor is 20 %
of the total reactor volume, the volume in the second rector is 30 %
and the volume in the last reactor is 50 %. Since the reactions are
endothermic, the stream leaving the first reactor has to be heated up
before it enters the second reactor, and so on. The aim of the
Platformer is to produce aromatic hydrocarbons from the naphtha by
catalytic reforming. The naphthens are easily converted to aromatics
but the paraffins are more difficult to convert. There is a need for
hydrogen for the reactions, which is added before the first reactor.
Hydrogen is produced in the reactions and a compressor circulates
the hydrogen. A low level of hydrogen increases the formation of
coke. The catalyst in the reactors is circulated continuously through

the CCR (Continuous Catalyst Regeneration) where the coke on the
catalyst is combusted at low oxygen level. By this procedure, the
catalyst activity and thereby the yield is kept constant in the reactor.
The reformate is pumped to a stabilizer column where the LPG is
stripped. The product quality of the reformate varies depending on
which gasoline blend Scanraff wishes to sell at the moment. The
normal parameters (that the operators are able to control) are:

MON 90-91 (controlled by the feed rate and the

temperature in the Platformer)

Benzene 1.4-1.5% by volume (controlled by the

separation in the naphtha splitter)
Vapor pressure 15-30 kPa (controlled by the separation
in the reformate  stabilizer)

Collection of data

A set of 16 process variables was identified as potential
importance. The available collection of data was also important for
the selection. As a response variable the benzene content in the
stabilized reformate was chosen. From the process computer the 8000
sets of values on process parameters and online analysis result were
loaded to the statistical program, see Table 1. The computer software
used was Simpca 8, Umetrics (www.umetrics.com).

Table 1. Used Process Parameters

No. | Explanation Abbr. Units
1 Feed to the naphtha splitter Feed m*/hr
2 Feed to the catalytic reformer Capacity m’/hr
3 Pressure at top of naphtha splitter Top Pres. bar (g)
4 Temp. at top of naphtha splitter Top Temp. °C
5 Reflux ratio in naphtha splitter Reflux ratio
ratio
6 Steam fed in to naphtha splitter Steam m’/hr
7 Temperature in catalytic reformer WAIT °C
8 Pressure in catalytic reformer Pressure bar (g)
9 H, to hydrocarbon ratio in reformer H2/HC m’/m’
10 Temperature diff. through 1% reactor in | DTI °C
reforming unit
11 Cé6-naphthene in the feed to the reformer | C6-naphth. | Vol. %
12 C7-parafins in the feed to the reformer C7-paraf. Vol. %
13 Density of the feed to reformer Density kg / m’®
14 C7-aromatics in the feed to the reformer | C7-aroma. Vol. %
15 Naphthenes in the feed to the reformer Naphthenes | Vol. %
16 Aromatics in the feed to the reformer Aromatic Vol. %

Results and Discussion

PLS analysis results in model coefficients for the variables called
PLS weights. In PLS loading plot (Figure 2), the weights for the X-
variables (variables with black color in fig 2) denoted W indicates
the importance of these variables in the modeling of Y (Benzene).
Here we have an indication which variables from table 1 that are
important. It can be seen that the C6-naphtenes lies far from the
center in the same side of plot, where benzene lies so we can say that
C6-naphtenes is highly positively correlated with benzene. In other
words, higher C6-naphtenes content in the feed, higher will be the
benzene in the product. Aromatic lies in opposite direction of
benzene that is why it is negatively correlated with benzene in the
product, higher the aromatics content in the feed lower will be the
benzene in the product. So we can interpret that variables lying on
right side of vertical line in the plot are positively correlated with
benzene and variables lying on left of side are negatively correlated
with benzene in the product Due to the holdup time in the distillation
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towers, furnaces, pipes and in the catalytic reformer there is a time
lag between the different parameters and the final benzene in the
reformate. An adjustment for this is included in the calculation.
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Figure 2. PLS loading plot
The Model

The model was based on refined large set of observation. Outliers
of were taken away. Many of them were taken during process offset
which occurs when the crude oil were changed. Aromatics, Top
temperature and Steam have negative effect on benzene in the
product. So with increasing Aromatics content in the feed to the
Catalytic Reformer, increasing temperature the top of naphtha splitter
and increasing steam fed to naphtha splitter, benzene in the product
will decrease and vice versa. Top pressure in naphtha splitter has
positive effect so increasing top pressure in the splitter will increase
benzene in the product and by decreasing top pressure benzene will
be decreased in the product. C7-paraffins content in the feed to the
Reformer has positive effect, so this content should be decreased if
we want less benzene in the product. From the plot in fig 2 it can be
seen that both feed and capacity have no significant effect on
benzene in the product. Reformer operates at the full capacity or at
lower capacity. But it could affect other properties of the product.
WAIT, Pressure, H2/HC and DT1 have also non-significant effect on
benzene in the product. Finally we have five important factors
through which benzene can be controlled in the product.
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Figure. Observed vs predicted benzene m reformate

Predicted benzene = (-0.000977702) Feed + (0.000918617) Capacity
+ (0.236916) Top pressure +(-0.0148667) Top temperature
+(0.0884271) Reflux ratio + (-0.0252994) Steam + (-0.000715595)
WAIT +(-0.0243255) Pressure + (0.0184419) H2/HC +(0.00125487)
DT1 +(0.399348) C6-naphtenes +(0.00895488) C7-paraffins + (-
0.00137813) Density +(-0.0144831) C7-aromatics + (0.000417643)
Naphthenes + (-0.0420511) Aromatics + 4.49877.

The units of these factors are presented in table 1. The model cannot
be transferred directly to other refiners instead the collection of data
has to be done and followed with a new calculation. The model was
tested with actual data used to develop the model, which is presented
in Figure 3. In Figure 4 the model was instead tested with a complete
new set of data collected in a later time than the data used for
developing the model. It can be seen that the model agree well with
predicting the benzene content in reformate.

Conclusions
The most important parameters for Benzene in the product are:
1. Co6-naphthenes content in the feed to the Catalytic
Reformer has dominating positive effect in the model.
2. Other significant factors in the model are Aromatics,
Steam, Top pressure and Top temperature.
3. Operating parameters for Catalytic Reformer has no effect,
in formation of benzene in the product.
4. We have three process variables in naphtha splitter namely
e  Steam fed to the naphtha splitter.
e  Top pressure in the naphtha splitter.
e  Top temperature in the naphtha splitter.
Acknowledgement. Financial support  from
environmental fond is appreciated
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Introduction

Fluid catalytic cracked (FCC) naphtha currently contributes
80~85% of the total gasoline product pool in China, and it provides
more than 95% of the sulfur in the gasoline. In order to comply with
product specifications or to ensure compliance with environmental
regulations, the sulfur compounds may require removal, which are
expected to become more stringent in the future. Combined with
sulfur reduction in fuel, the content of olefin in gasoline is limited to
as low as 10% in the near future. It is well known that olefinic
components account for about 40% in the cracked naphtha, which
contribute a relatively high octane number for the cracked naphtha.

An obvious approach is isomerization of paraffins in naphtha to
offset the loss of olefin, but the octane value of isomerized paraffin
is less than that of equivalent olefin, octane number loss is still
distinct in practice operation. Alternatively, another way is to
increase the content of other components with high octane value,
such as aromatics. At present, the content of aromatics in FCC
naphtha is 15~20% and the maximum content in gasoline pool is
limited to 35%, so there is quite big space to increase of aromatics. It
would be desirable to develop an efficient process, with which can
not only remove sulfur, but also aromatize paraffin and olefin to
minimizes loss of octane value from olefin containing naphtha
feedstock. This can be implemented by using a bifunctional catalyst
with an inexpensive procedure.

It has been shown that HZSM-5 zeolite can be modified by
incorporation of metal or metal oxides in order to obtain catalysts for
selective hydrocarbon conversions (1-3). Activity, selectivity and
stability of the catalysts for those shape selective reactions depend
not only on the porous structure of the zeolite but also on the density
of acid sites and their strength distribution, as well as on metal sites
distribution and metal support interaction(4). The catalyst systems
prepared in this way operate bifunctionally. Nickel on HZSM-5 has
been found to be active in the aromatization, hydrocracking and
isomerization of hydrocarbon(5-7).

In the present paper, a series of zeolite supported Ni-Mo
catalysts were prepared by impregnation method, the activities of
hydrogenation and aromatization of the catalysts as well as
hydrodesulfurization were investigated.

Experimental

Preparation of catalyst. The mixture of commercially
available NaZSM-5 (Si/Al atomic ratio=35) and alumina (zsm-
S/alumina mass ratio = 50) were mixed with dilute nitric acid and
extruded into diameter 1.5mm sticks. The sample was dried in air at
110 °C for 20h, and the supports containing ZSM-5 were obtained
by calcination of above dry sticks at 500 °C for 6h. For sodium
removal, the supports were treated with a solution of 1.0 M
ammonium nitrate and then calcined at 500 °C for 4h. The ZSM-5
supported Ni-Mo catalysts were prepared using incipient wet

impregnation method. The precursors of the active components Ni-
Mo were nickel nitrate and ammonium molybdate. All catalysts
were dried at 110 °C overnight, and then were calcined at 500 °C
for 4 hr.

Characterization of the catalysts. X-ray powder diffraction
analysis was carried out with a Rigaku D/max-[]A diffractometer
using a graphite-filter CuKa radiation at a scan rate of 2 degrees per
minute. BET sorption was used for measuring surface of the
catalysts. The final Na content in the catalyst after ammonium
nitrate treatment and the Ni and Mo contents in the catalysts were
determined with atomic absorption spectrometry method.

Catalyst activity. Catalytic activity measurements were carried
out in a high pressure micro-reactor unit of 24 mm L.D., 100cm in
length. 100 ml of the catalyst extrudates were loaded in the reactor.
Presulfiding is carried out before the reaction at 200 °C for 1 hour,
and 300 °C for 2 hours and 360 °C for 3 hours with a liquid stream
containing 3w% CS, in cyclohexane. FCC naphtha is then admitted
at test temperature. The H,/feed ratio is 150 and LHSV is 3h". The
reaction product was cooled and separated into gaseous and liquid
products in a  high-pressure  separator. The average
hydrodesulfurization activity was calculated as the % conversion of
total sulfur in feed and in units of % HDS. The PIONA composition
of the feed and hydrotreated naphtha was analyzed by gas
chromatography, using a Varian 3800 chromatograph and a 100m
PONA capillary column. Two kinds of FCC naphtha produced from
two refineries of China were used as the feedstock. The main
characteristics of the feed naphthas were shown in table 1.
Aromatization activity and hydrogenation activity were measured as
the percentages in the increase of aromatics and the decrease of
olefin in the hydrotreated naphtha compared with the feed naphtha.
Research octane number of the samples was calculated from PIONA
composition.

Results and Discussion

Physico-chemical properties

The X-ray diffraction patterns of the supports with different
content of HZSM-5 (50%) are completely matched with that of the
pure HZSM-5, the Ni-Mo/HZSM-5 catalysts’ XRD patterns exhibit
almost identical intensity of the peaks with HZSM-5 except some
NiO and MoO; peaks occurring in the latter’s. The BET surface area
and metal content of the catalysts were shown in table 2. The
decrease in surface area after metal loading may be due to the
channel occupation of nickel and molybdenum.

Table 1. Characteristics of the Feed Naphtha.

Feed 1 Feed 2

Total sulfur, ppm 719.6 1235.6
RON 94.18 92.37
Composition (wt%)

Aromatics 21.02 16.31

Isoparaffin 29.81 30.54

Naphthene 11.55 11.50

Olefin 26.90 31.52

Paraffin 5.26 4.38

Unidentified 5.46 5.74
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Table 2. BET Area and Metal Contents in Catalysts.

HZSM-5 Ni-Mo (a) Ni-Mo (b)
BET area, m%/g 313.8 246.4 2742
Na content, % 0.066 0.081 0.086
Ni content, % - 2.1 1.1
Mo content, % -- 7.6 3.6

Effect of reaction pressure on the catalyst’s activity. Figure 1
shows the effect of reaction pressure on the liquid yield, HDS and the
RON of the hydrotreated products over Ni-Mo/HZSM-5(a) and table
3 lists the detailed composition of the products. The liquid yield and
HDS% of the products increase with the enhancement of reaction
pressure, while the RON of the products decreases with the raising of
pressure. From the composition of the hydrotreated products over Ni-
Mo/HZSM-5(a) it can be found that at low pressure the content of
aromatics in the product increased, while at high pressure aromatics
is hydrogenated, which contributes to the increase of naphthene. We
can find from figure 1 that the HDS% of the product is very sensitive
to the reaction pressure, especially at 0.5~1.0MPa. The low liquid
yield at low reaction pressure reveals that cracking of the naphtha
was carried out on the catalyst because of the acidity of the HZSM-5.
Figure 2 shows the effect of reaction pressure on the liquid yield,
HDS and the RON of the hydrotreated products over Ni-Mo/HZSM-
5(b). The similar trends of the liquid yield, HDS and the RON of the
hydrotreated products were obtained.

Table 3. Composition of the hydrotreated products over Ni-
Mo/HZSM-5(a) (wt%).

Pressure, MPa 0.5 1.0 2.0
Aromatics 21.89 20.96 18.33
Isoparaffin 32.11 37.57 40.18
Naphthene 12.03 12.72 15.99
Olefin 23.01 14.24 8.84
Paraffin 8.54 12.83 1545
Unidentified 2.41 1.62 1.44

Feed 1, reaction temperature, 360°C.
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Figure 1. Effect of reaction pressure on the liquid yield, HDS and the

RON of the hydrotreated products over Ni-Mo/HZSM-5(a).
Temperature, 360°C.
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Figure 2. Effect of reaction pressure on the liquid yield, HDS and the
RON of the hydrotreated products over Ni-Mo/HZSM-5(b).
Temperature, 400°C

Effect of Reaction Temperature. Effect of reaction temperature
on the liquid yield, HDS and the RON of the hydrotreated products
over Ni-Mo/HZSM-5(a) at 2.0MPa was shown in figure 3. It is well
known that temperature enhancement can favor the hydrogenation
and HDS reactions in the process of naphtha hydrotreatment, which
can be testified with the results shown in table 4. The decrease of the
liquid yield must be the result of more cracking occurring over the
catalyst with the increase of the temperature. About 25 percent of
aromatics in feed were hydrogenated at 380°C, which led to the RON
fall of the product. A little of the naphtha was probably aromatized at
400°C according to the data in table 4, but the adding of the
aromatics can’t offset the part that was hydrogenated, so the content
of aromatics in the product was still depressed. Figure 4 gives the
effect of reaction temperature on the liquid yield, HDS and the RON
of the hydrotreated products over Ni-Mo/HZSM-5(b) at 0.5MPa and
table 5 lists the composition of the hydrotreated products. The
increase of HDS% and the decrease of the liquid yield maybe due to
the same reasons as before, while the gain of RON in the
hydrotreated products does owe to the raising in aromatics content. It
can be concluded from the above results that at high pressure the
main reactions in the process of naphtha hydrotreatment are
hydrogenation of olefin and aromatics, and the hydrogenation degree
increase with the enhancement of the temperature; while
aromatization is dominated at low pressure, and the aromatization
degree increases with the temperature enhancement, which
contributes to the increase of RON.

Table 4. Composition of the Hydrotreated Products over Ni-
Mo/HZSM-5(a) (wt%).

Reaction Temp. °C 360 380 400
Aromatics 19.81 15.67 18.72
Isoparaffin 40.77 42.26 40.75
Naphthene 14.08 15.55 15.22
Olefin 8.93 8.78 8.80

Paraffin 14.89 15.25 13.69
Unidentified 1.46 248 2.79

Feed 1, pressure, 2.0MPa.
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1, pressure, 2.0MPa.

Table 5. Composition of the Hydrotreated Products over Ni-
Mo/HZSM-5(b) (Wt%).

Reaction Temp. °C 280 380 400
Aromatics 17.35 20.71 24.61
Isoparaffin 32.66 34.82 32.15
Naphthene 12.06 13.59 13.10
Olefin 28.15 17.68 16.42
Paraffin 6.93 9.40 8.35
Unidentified 2.83 3.79 532

Feed 2, pressure, 0.5MPa.
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Figure 4. Effect of reaction temperature on the liquid yield, HDS and
the RON of the hydrotreated products over Ni-Mo/HZSM-5(b). Feed
2, pressure, 0.5MPa.

Conclusions

Experimental results show that Ni-Mo/HZSM-5 bifunctional
catalyst has excellent HDS and hydrogenation properties. The liquid
yield and HDS% of the products increase with the enhancement of
reaction pressure, while the RON of the products decreases with the
raising of pressure. Elevation of reaction temperature can promote
the HDS and the aromatization process, but leads to the loss of liquid
yield at the same time. The main reactions at high reaction pressure
in the process of naphtha hydrotreatment are hydrogenation of olefin
and aromatics, and the hydrogenation degree increase with the
enhancement of the temperature; while at low pressure aromatization
is dominated in the process, and the degree increases with the
temperature enhancement, which contributes to the increase of RON
in the products.
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A STUDY ON REMOVAL OF HYDROGEN SULFIDE
FROM LIGHT OIL WITH SOLID BASE
Yongfeng Duan  Yuzhi Xiang Daohong Xia
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Abstract: For removal hydrogen sulfide from light oils, a novel solid
base, with activated carbon as supporter and alkali or earth-alkali
compound as active component, has excellent adsorption capacity for
hydrogen sulfide and advantages of simple preparation and
inexpensive cost of raw material has been developed . In addition, an
additive can promote significantly the removal of hydrogen sulfide
by the solid base was also studied.

Keywords: hydrogen sulfide, solid base, removal, adsorption,

additive

1. INTRODUCTION

Sulfur compounds exist in various light oils made from
petroleum. Such as mercaptan, hydrogen sulfide, which cause foul
odors and deteriorate the finished products. In addition, due to their
acidity, they are corrosive to metals, which is harmful for storage and
usage of oil products. Therefore, it is necessary to remove them.

In the refining industry, an aqueous base such as sodium
hydroxide or ammonia is employed fulfilling the purpose. Although
its effectiveness and the low cost of fresh caustic are the reasons for
its widespread use, the aqueous base especially sodium hydroxide
always causes some problems. Such as spending many caustic
materials, and discarding lots of hazardous waste. So environmental
agencies around the world have tightened the regulations aimed at
controlling its disposal. Solid bases merge as an ideal alternative to
the aqueous bases to overcome the environmental and economic
problems. The report concerning solid base is mostly concentrate in
mercaptan oxidation, these solid bases selected from the group
consisting of magnesium, nickel, zinc, copper, aluminum, iron oxides
and mixtures thereof!'. However the report concerning solid base
on removal of hydrogen sulfide was hardly consulted.

This paper reports the effect of factors of preparation for the
solid base on removal of hydrogen sulfide at ambient temperature.

Thus selecting the optimum factor of preparation for the solid base on

the removal of hydrogen sulfide in light oil.

2. EXPERIMENTAL
2.1 Preparation of solid base
Activated carbon marked by DV-Olwas used as supporter in
this study. Physical properties of the activated carbon is listed in
Table 1.
Table 1 physical property of activated carbon

BET surface area /m>.g! 945.8
Bulk density /g.mL"! 0.519
Intensity, % 95.0
Pore volume /mL.g" 0.72
Particle size/mesh 6—16

The activated carbon was calcined at high temperature for 6h,
then impregnated with a aqueous solution of some alkalic materials at
ambient temperature. The saturated activated carbon was filtrated in
vacuum for period of time, then dried period of time at special

temperature.
2.2 Experimental Oil

Petroleum ether(boiling point 90—120C) was used as

experimental oil with  800—1000pg/g  hydrogen  sulfide

concentration.

2.3 Capability test of solid base for the removal of hydrogen
sulfide

1g solid base was loaded in a 200ml flask, to this flask 100ml
experimental oil was added, then the solution was electromagnetism
stirred at ambient temperature with protection of nitrogen, the stirred
speed was 350rpm. The hydrogen sulfide concentration in light oil
was analyzed with period by the method of GB/T1792-88.

2.4 Materials calculation

The adsorption quantity of solid base for hydrogen sulfide as
follows: Xy = (Co-C)epV+10°/M
where

X,: the adsorption quantity of the solid base for hydrogen sulfide mg/g

Co: Preliminary concentration of hydrogen sulfide ng/g
C.: concentration of hydrogen sulfide at t hour ng/g
p+ V: density, vol. of oil g/ml, ml
M: the quality of the used solid base g
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3. RESULTS AND DISCUSSION
3.1 The effect of different chemical components of solid base on
the removal of H,S

With different alkalic materials, six kinds of solid base were
prepared and the removal capacities for H,S were tested. The
results are shown in Fig.1.

As can be seen from Fig.1, the SB15 solid base for absorption
of hydrogen sulfide has the highest capacity.

The solid base adsorption for hydrogen sulfide has a
competitive between physical adsorption and chemical adsorption.
The removal capacity for hydrogen sulfide of the solid base was the
sum of physical adsorption and chemical adsorption. Different solid
base has different surface area and chemical center, so the capacity
for hydrogen sulfide removal is alternatively. SB15 has the best

chemical components.
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Fig.1 The adsorption capacity of different solid base

3.2 The effect of solid base vacuum filtration time on the removal
of H,S

Experiments examine the effect of time of vacuum filtration
during preparation of the solid base for the removal of hydrogen
sulfide. The activated carbon was impregnated with the optimum
concentration of aqueous, then the loaded activated carbon was
vacuum filtrated by different time, thereby making A series of solid
bases. The removal of hydrogen sulfide were tested and the results

are demonstrated in Fig.2.
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the adsorption quantity of the
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Fig.2 The adsorption capacity of the solid base by different time of

vacuum filtration

Fig.2 shows that the adsorption capacity of the solid base for
hydrogen sulfide firstly increased and then decreased with the
increase of the vacuum filtration time during the preparation of the
solid base. As a result, the time of vacuum filtration is a major factor
for the solid base on removal of hydrogen sulfide, the optimum time

of vacuum filtration should be 60 min.

3.3 The effect of solid base drying time on the removal of H,S

A series of solid bases were made with different time of drying
from short to long. And the removal of hydrogen sulfide of these
solid bases were examined. The experimental results are shown in

Fig.3.
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Fig.3 The adsorption capacity of the solid base by different time of
drying
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Fig.3 shows the adsorption quantity of the solid base for
hydrogen sulfide firstly increased then decreased with the time of
drying prolonged in the preparation of the solid base. The shorter the
time of drying is, the higher the water content of the solid base is, the
higher water content of the solid base reduced the physical adsorption
of the solid base for hydrogen sulfide. With the further drying, the
water is so less in the solid base that can not provide the polar
environment for the chemical adsorption.  consequently the
chemical adsorption quantity of hydrogen sulfide in the solid base
was decreased greatly.

It was found that the optimum time of drying for the solid base

with good properties should be 2 hr.

3.4 The effect of additive on the removal of H,S

It is believed that the function of polar compound is to serve as
a proton transfer medium in the chemical reaction. Specially the
compounds are selected from the group consisting of water, alcohols,
esters, ketones, diols and mixtures thereofl.. A group of polar
compounds was chosen as the additive for the solid base for removal
of H,S. Experiments were carried out for measuring the adsorption

capacity of the solid base with different quantity of the additive.
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Fig4 The adsorption capacity of the solid base for H,S with

different amount of additive

Fig.4 shows the adsorption capacity of the solid base for
hydrogen sulfide has greatly increased after the additive was added.
The adsorption ability of the solid base for hydrogen sulfide firstly
increased and then decreased with the increase of the quantity of

additive. The adsorption capacity of the solid base was enhanced after

the additive was added, thus the adsorption of the solid base for

hydrogen sulfide has greatly increased.

4. CONCLUSIONS

1. Preparation factors of the solid base play an important role
for the solid base on removal of hydrogen sulfide. The preparation
factors include the components of solid base, the time of vacuum
filtration and the time of drying.

2. The adsorption capacity of the solid base for hydrogen
sulfide was the sum of physical adsorption and chemical adsorption.

3. Adding a group of polar compounds can promote
significantly the removal of hydrogen sulfide by the solid base. The
optimum quantity of the additive is 6000 pg/g.
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Introduction

Fluid catalytic cracking process (FCC) is one of the most
important processes for producing high octane gasoline. Thermal
cracking and isomerization reactions were the main reactions in FCC
process. As more isomerized fractions, olefins and aromatic fractions
contained in liquid products, the octane number RON of FCC
gasoline is generally higher than 90, and the cetane number of diesel
is about 30. The percentage of liquid yields in FCC process was
usually within the range from 75% to 80%.

High cetane diesel was usually obtained from fixed-bed
hydrocracking process. In the process, surfer and nitrogen contained
in feed, olefins generated while cracking reaction tacking place and
part of the aromatic fractions were hydrogenated. As a result, the
octane number RON of gasoline fraction was only about 70, and the
cetane number of diesel was usually more than 50.

We could get high octane gasoline from FCC process, and we
also could get high cetane diesel from fixed-bed hydrocracking
process. It is hard to obtain both of them from a single process up to
now.

Slurry bed hydrocracking process is a kind of thermal cracking
process in the presence of hydrogen and dispersed catalyst. In this
process there were less isomerization and less hydrogenation. The so
called dispersed catalyst were such substance as powder of natural
ore, powder of coal, water or oil soluble salt which might contain Co,
Mo, Ni, Fe, W, Mn, etc. "2 The characteristics of the liquid yields of
the process were that the octane number of gasoline was not too low,
usually in the range of 70 to 80; the cetane number of diesel was
usually over 40. If same measure was applied to raise the octane
number of gasoline fraction from 70 to 90, we could obtain high
octane gasoline and high cetane diesel from slurry bed hydrocracking
process simultaneously.

Methanol can react with olefins and produce oxygen containing
compounds, which have a higher than 110 octane number. These
kind compounds usually used as the additives to raise the octane
number of gasoline. When the feedstock was blend with methanol,
hydrogen, dispersed catalyst, the above reactions take place
accompany with cracking reactions and hydrogenation reactions. In
some cases if the dispersed catalyst can solve in methanol, the
mixing procedure of feed with catalyst was simplify and the catalyst
become more active and efficient, and as a result, more feed was
converted to gasoline and diesel. This was what we dealt with, the
high conversion slurry bed hydrocracking process for producing high
octane gasoline and high cetane diesel simultaneously from vacuum

gas oil. We named this process as HHH process..

Experimental

The Catalyst. The dispersed catalyst used in slurry process
was normally the metal elements of Mo, Ni, Fe, Co etc., which were
usually used in fixed-bed hydrocracking process. These kinds of
catalyst can be used in mild slurry bed hydrocracking process also,
whereas less free radical occurs in the reaction environment. If used
in critical process, such as with a temperature 440 to 480°C, whereas

more thermal cracking reaction occurs, the radical cracking reaction
would be restrained. The macro behavior was that once the catalyst
was added, the conversion of the feed lowered down.

The catalyst used in HHH process differed much from the most
commonly used catalyst in slurry bed hydrocracking process as
shown above. It was the solution of copper nitrate solved in
methanol. Since methanol contained in it, when the catalyst was
dispersed in the feed and used to promote the cracking and
hydrogenation reactions, methanol acted as a king of reactant and
reacted with the olefins yielded while hydrocarbon cracking. Thus,
oxygen containing hydrocarbons were produced. As we know, these
hydrocarbons have high octane number, which was usually more the
110(RON). When the boil point of these compounds fit the ranges of
gasoline, it could raise the octane number of gasoline fraction. While
used as a diesel fraction, it can increase the oxygen containing of
diesel, and as a result, decrease the discharge of particulates from the
engines.

Pilot Plant Experiments. The pilot plant has a capacity of
2.8L/hour of liquid feed. The feed and catalyst mixed in a preheating
unit, and hydrocracked in a slurry reactor, and then separated into
gasoline, diesel and bottom oil using a distilling unit. The average
temperature of the reactor was controlled at 430°C, 440°C and
450°C. System pressure was 11MPa and the volume space hour
velocity was 0.6h™.

Feed Composition. The feed of pilot plant was consisted of
97.42% of vacuum gas oil of Xinjiang crude oil and 2.58% of the
dispersed catalyst. The properties of the vacuum gas oil were
presented in Table 1. The dispersed catalyst was the methanol
solution of copper nitrate. In the catalyst, there were about 3m% to
4m% of copper, 10m% of water and 5Sm% of carbon disulphide.

Table 1. The Properties of Feed Vacuum Gas Qil

Boil Point Range, °C 360~520
Specific gravity, g/em’ 0.9182
H/C Atomic Ratio 1.73
Sulfur, m% 0.079
Saturate, m% 75.8
Aromatic, m% 17.1
Resin, m% 7.1

Results and Discussion

Products Distribution. Pilot plant experiments results were
illustrated in Table 2. All the date listed was excluded the quantity of
methanol added as the solvent of dispersed catalyst. When the
reaction temperature was 450°C, the conversion of the feed vacuum
gas oil was over 95%. In which, more then 90% was gasoline and
diesel.

Table 2. Production Distribution

Reaction Temperature, °C 430 440 450
Gas(C,~Cy), m% 5.63 5.90 5.95
Gasoline(Cs~180°C), m% 20.45 27.31 31.73
Diesel(180~350°C), m% 46.46 53.11 58.57
Bottom Oil(>350°C), m% 27.91 14.14 423
Conversion of Feed, m% 71.35 85.49 95.66

Properties of Gasoline and Diesel. As illustrated in Table 3.
The gasoline fraction contains less aromatics, less olefin, more
paraffin, more isoparaffin, and more oxygen containing compounds.
The octane number (RON) was 89. It was just a little below than the
FCC process. And also, the sulfur containing of the gasoline fraction
was only 0.0181m%. The total sulfur contained in gasoline fraction
occupied 7.5m% of the total sulfur contained in feed gas oil. This
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kind of gasoline can be simply used as clean gasoline. If blending
with other high octane fraction and raising the RON to 95~97, more
profit could be obtained from this HHH process.

The properties of diesel fraction were presented in Table 4. The
obvious characteristics of diesel were low sulfur containing
(0.0135m%), low condensation point (-38°C), and a much higher
cetane index than the FCC diesel. The total sulfur contained in diesel
occupied 10.3m% of the total sulfur contained in feed. Like the
gasoline fraction, this kind of diesel can be used as clean diesel also.
It would get better effect if blend it with the diesel from fixed-bed
hydrocracking process, and raise the cetane number to 45.

Table 3. Properties of Gasoline

Aromatics, m% 17.6
Paraffin, m% 154
Isoparaffin, m% 19.5
Cyclane, m% 11.8
Olefin, m% 14.3
Methanol, m% 0.024
Oxygen Containing Compounds, m% 10.0
Octane Number, RON 89
Sulfur, m% 0.0181
Table 4. Properties of Diesel

Specipic Gravity, g-cm™ 0.8824
Aniline Point, °C 55
Sulfur, m% 0.0135
Cetane Index 41
Condensation Point, °C -38

Characteristics of Catalyst. The concentration of dispersed
catalyst copper in reaction system was only 800~1000ppm. As
shown above, the HHH process had high conversion and high liquid
recovery ratio. One of the reasons was that the catalyst was very
finely dispersed in the gas oil. And as a result, the catalyst had high
activity to prompt the cracking, hydrogenation and etherification
reactions. Figure 1 showed the relative percentage of catalyst
particle number and volume of different diameter. These particles
were separated from the bottom oil. In the preheating unit or reaction
unit, the particles should be much fine. Although the total volume of
the catalyst particle, which had less than lpum diameter, was only
about 17%, the number of them was over 80%. Another reason might
be the formal electronic configuration of copper. At high temperature
copper(l) was the most stable state. It has a 3d'%4s° outer electron,
and low valence state. The copper(I) might be hydrogenated to
copper(0), and copper(0) might react with hydrogen sulfide changing

the formal oxidation state to 2. Copper(Il) changed to copper(I) again.

During the changing of oxidation state, the free radical reaction
might be accelerated.
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Figure 1. Distribution of Catalyst Particle

Conclusions

By using slurry bed hydrocracking process and using the
copper-based methanol solution as dispersed catalyst, high octane
number gasoline and high cetane number diesel can be obtained
simultaneously from vacuum gas oil. At 450°C, the conversion of the
feed gas oil was over 95%, in which, more than 90% was gasoline
and diesel. The octane and cetane number of gasoline and diesel were
89 and 41.
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Introduction

In China, the fluid catalytic cracking (FCC) process is one of the
most important refining processes, it affords about 80% of gasoline
and 30% of diesel oil in market, but now it is faced with a baptism to
satisfy the need for producing environmentally-cleaner gasoline and
diesel fuels. During the recent decade, almost all the FCC processes
became the RFCC (residue fluid catalytic cracking) processes by
revamping for processing the heavier feedstock, and RFCC
technology got great development around the reaction system,
including the feeding atomization, quick separation of oil vapor and
spent catalyst, steam stripping of high efficiency, temperature control
of reaction, as well as the innovation of riser reactor [3].

In order to improve the product distribution, as well as reduce the
olefin content and increase the octane number of FCC gasoline, and
raise the cetane number of FCC diesel fuel, many technology
innovations were proposed and tested in China. In this article, four
new processes, including Maximizing Iso-Paraffins technology,
Two-Stage Riser FCC technology, Flexible-Double Function FCC
technology and Assistant Gasoline Riser Technology were
introduced from their principles of technology and results of
experiment or industrial test.

The shortage of the traditional RFCC riser

Although the feedstock of RFCC is different from that of distillate
FCC because of its high boiling point, high resin and asphaltene
content, and high contaminant concentration, the reactor, riser, is the
same for RFCC and FCC process yet. In general, the distillate FCC is
thought to be a gas-solid catalytic reaction, but gas, liquid, and solid
exist simultaneously in reactor for RFCC. The studies on product
distribution along the riser of RFCC show that the main conversion
of feedstock to gasoline and diesel distillates is completed in the
front stage of riser . Figure 1 gives the variation of product
distribution along the riser length of RFCC unit in a Sinopec
Petrochemical Factory. It means that the riser is too long to result in
an ideal product distribution at the exit of riser %!,
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Figure 1. Conversion of feedstock and yields of products versus the
length of riser (Simulated result of commercial RFCC unit)

The high olefin content of RFCC gasoline is another problem, it
may be close to 60% for residual feedstock from paraffin crude.
Although the many special catalysts were developed to reduce the
olefin content, it is difficult to seek for a good compromise of
operation conditions with the traditional RFCC for improving
product quality as well as the product distribution. Therefore, the
new reaction technologies of RFCC were proposed.

Maximizing Iso-Paraffins technology (MIP)

The MIP technology ! was developed by the Research Institute
of Petroleum Processing (RIPP), Sinopec, and was put into
commercial use in Gaoqiao refinery. Its advantage is able to
respectively create the favorable reaction conditions for heavy
feedstock cracking into intermediate products and for upgrading the
desired products. The theoretical foundation is that the high
temperature and short reaction time is favorable to heavy feedstock
cracking, but the isomerization and hydrogen transfer for improving
product quality requires low temperature and long reaction time. As
shown in figure 2 the most important innovation in MIP is the
revamp for the traditional riser.

Second reaction zone

Quench medium
First reaction zone
Regenerated Feedstock
catalyst

Prelifting medium

Figure 2. The riser reactor of MIP

The riser was classified into two reaction zones, and varies in
diameter for different zones. The first reaction zone with a small
diameter at the initial stage of riser is responsible for the cracking of
heavy feedstock. This zone can provide the high temperature and
short reaction time by controlling the catalyst recycle and the proper
design. The second reaction zone with a larger diameter at the
downstream section of riser is responsible for the completion of
hydrogen transfer and isomerization. A quench medium, such as raw
gasoline, LCO, water, or spent catalyst, is introduced into the starting
section of this zone to decrease the temperature of the fluid come
from the first zone. It is thought that the gasoline produced in the first
zone were upgraded by improving the hydrogen transfer and
isomerization and restraining the secondary cracking. The
observation in pilot unit obviously shows that the conversion of
feedstock was increased and the olefin content of gasoline decreased.
Under the similar conversions, the yields of dry gas and coke for
MIP is similar with the traditional FCC technology, the yield of
gasoline increases by 1.37 percents (from 43.07% of traditional FCC
to 45.07% of MIP), the yield of diesel oil has a slight increase too.
The olefin content of FCC gasoline is 27.2% for MIP, compared with
the traditional FCC technology, it drops by 12.4 percents, the
aromatic content increases by 6.4 percents, MON increases by 1.3
units and RON has no obvious change. In addition, the sulfur content
of gasoline has a notable decrease.
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Two-Stage Riser FCC technology (TSRFCC)

In 1994, the TSRFCC technology ¥'% was proposed by the State
Key Laboratory of Heavy Oil Processing, University of Petroleum
(East China), and was put into industrial test in 2002 at a revamped
unit of 10 thousand ton/year capacity. This year there are four RFCC
units to be modified by the TSRFCC technology in China. The
TSRFCC aiming at the disadvantage that the activity of catalyst and
the selectivity to ideal products fall greatly at the anaphase of
reaction in the traditional one-stage riser FCC (OSRFCC) replaces
the present single riser reactor by two riser reactors, has two catalyst
cycling system. A series of TSRFCC technologies have been
developed for various product schemes. TSRFCC-I technology is
suitable for enhancing the yield of light oil, especially the ratio of
diesel to gasoline. Figure 3 shows the flowsheet of TSRFCC-I
technology.

0il Vapor
Gasoline

Second Stage
Riser Reactor

First Stage

Rizer Reactor Diesel

Distillation

Regenerated Tower
Catalyst

Feedstock

Regenerated

’/ Catalyst

L]

Figure 3. flowsheet of TSRFCC-I technology.

After the first stage cracking reaction to a proper extent, diesel
distillate as a part of the final product is separated, while heavy oil
(or heavy oil and gasoline when olefin reduction of gasoline is
needed) enters the second stage riser reactor, contacts with the
regenerated catalysts and reacts simultaneously. Therefore, diesel is
well protected from non-desired second cracking since it does not
take part in the reaction in the second stage after the separation,
which increases the yield of diesel. On the other hand, the partial
pressure of diesel at the second stage is effectively lowered, so it is
optimal for the large molecules of heavy oil breaking down to
generate more light oil. The two risers in TSRFCC-I technology are
designed to keep the total reaction time less than 2 seconds, this
affords a favorable condition for high temperature and short time
operation. Compared with the recycle oil, the residue is easier to
cracking, but more difficult to atomize, vaporize, and diffuse into the
pores of catalyst, so the recycle oil will firstly vaporize and diffuse
into the pores of catalyst and cover the active sites when both
together enters the riser at the same time, this does affect the
effective conversion of residue. The residue and recycle oil entering
the two different risers respectively is reasonable for improving the
product distribution.

The industrial test shows that the TSRFCC can enhance the
conversion of feedstock and ameliorate product distribution greatly.
Light oil and liquid product yields increase by 4 percents and 3
percents respectively, the ratio of diesel to gasoline rises obviously,
and yield of dry gas and coke decreases by 2 percents, the capacity of
FCC unit raises by 20%~30%. The olefin content of FCC gasoline
was reduced by 6-8 percents without recycle of FCC naphtha. When
the FCC naphtha is partly recycled to the second riser, the olefin
content of FCC gasoline could be dropped by 15-20 percents without

the deteriorating of product distribution relative to the traditional
RFCC technology.

FDFCC and Assistant Gasoline Riser Technology

Flexible-Double Function FCC technology !''"'?! (FDFCC) was
developed by Luoyang Petrochemical Engineering Corporation,
Sinopec. Assistant Gasoline Riser Technology ! was proposed by
University of Petroleum (Beijing). These two technologies are
mainly used in the FCC gasoline upgrading, especially the reduction
of olefin content. In these two technologies, another riser reactor is
added to process the FCC gasoline based on the traditional RFCC
technology. For Assistant Gasoline Riser Technology, the gasoline
reactor consists of a riser and a reaction bed followed, it assures to
afford the low temperature and long reaction time for hydrogen
transfer and isomerization.

The industrial test for FDFCC was completed in 2002, it can
reduce the olefin content of FCC gasoline by 20-30 percents, raise
the RON by 1-2 units, lower sulfur content 15-20%, and increase the
ratio of diesel oil to gasoline. But the yield of dry gas and coke
increases obviously for FDFCC technology. As to the Assistant
Gasoline Riser Technology, observation in pilot unit shown that the
olefin content of gasoline was reduced by 15-20 percents, the
conversion of olefin in gasoline is close to 60%, only about 1.5% of
gasoline was converted into dry gas and coke, and RON of gasoline
has a slight increase.

Conclusion

In China, the key problem of RFCC process is to reduce the olefin
content of gasoline and to keep the product distribution and gasoline
octane number from dropping at least. Based on the different
understandings to the chemical mechanism of isomerization,
hydrogen transfer, and cracking of olefin component, as well as their
relationship, many new RFCC technologies were developed, but the
TSRFCC technology gives a better result.
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Introduction

In China, nearly 70% of gasoline pool and 30% of diesel oil are
produced by the fluidized catalytic cracking processing (FCC) which
is one of the most important processes for converting heavy
distillates into light fuels. But the FCC feedstock becomes heavier
and heavier for the reason that the decrease of the conventional crude
and the increase of demand for light fuels. Since the residuum have a
high content of resin, asphaltene, high contaminant concentration and
high boiling point, the residuum fluidized catalytic cracking (RFCC)
technology has been got a great development in technology scheme,
such as catalyst, feed nozzle type, etct'?. But the key of the RFCC
process, the riser reactor, is the same for RFCC and FCC process yet,
and the study on the product distribution and composition changes of
products along the commercial RFCC riser is very important, but
quite scarce. The present paper gives a primary but detail
understanding on the product distribution and composition changes
of products along the riser reactor of a commercial RFCC unit.

Experimental

In order to make out the true reaction behavior, product
distribution and composition changes of products along the riser in
RFCC process, a new sampling system which can gain satisfied
samples from commercial RFCC riser was developed by the State
Key Laboratory of Heavy Oil Processing. Details about this sampling
system refer to the previously published papers P, With the
modified sampling system, the gases, the oil samples and the oily
catalyst were obtained at the different positions along the commercial
riser in the RFCC unit, Qingdao Petrochemical Factory, SINOPEC.
Figure 1 described the sampling position distribution in the
commercial riser.

The gaseous products, the PIONA and the RON/MON of
gasoline were analyzed by a HP5890I GC with an UP-3000
workstation, developed by the Analysis Centre of University of
Petroleum. In order to remove the absorbed oil, the oily catalysts
were first extracted with n-CsH, as solvent in Soxhlet apparatus, and
then stripped by steam at 515°C for 20min, finally analyzed with a
combustion-GC method to determine the coke yield. The boiling
point distribution of the liquid products and the dissolved oil were
determined by a Simulated Distillation GC. The sulfur content of the
gasoline distillated from the liquid product was measured by the
Micro-Coulomb method.

The RFCC feedstock in Qingdao Petrochemical Factory is the
atmospheric residuum of the mix of Shengli, Cabinda and Far East
crude. The sulfur, carbon residue, saturate, aromatics, resin, and
asphaltene contents of the feedstock is 3400ug/g, 4.29wt%,
52.06wt%, 24.08wt%, 22.60wt%, and 1.26wt% respectively.

Whether the representative samples were got from commercial
riser is the key for the present work to be successful. From the
obtained samples including gas, liquid and oily catalyst, the material
balance can be made at each sampling point. In order to verify the
veracity of the data, comparison was made between the sampling
point and the product distribution of RFCC unit. The yields of
gasoline and diesel oil of the RFCC unit are 42m% and 23m%,
respectively. The ratio of recycle is 0.137 in commercial production,
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Figure 1. Illustration of sampling points on RFCC riser

so the single-through yields of gasoline and diesel oil is 42x(100-
13.7) m% and 23x(100-13.7) m%, that is, 36.3 m% and
19.8m%,respectively, which is similar with the gasoline and diesel
oil yield from material balance at the 4# sampling point. And also,
the quality of gasoline at 5# sampling point close to the exit of riser,
such as sulfur content, olefin content, is similar with the raw gasoline
of the commercial RFCC unit.

Results and Discussion

Product distribution along commercial riser. The total amount
in every sampling point for making material balance is the sum of
gases and liquid products collected in sampling process, as well as
the oil absorbed in oily catalysts. The product weight and yield are
calculated as follows:

e Coke yield = coke in catalyst x the ratio of catalyst to oil;

e The weight of gas and oil =the weight of gases + the weight of
liquid products + the weight of oil absorbed in oily catalyst;

e Gasoline yield = (the weight of gasoline in liquid products + the
weight of Cs" in gases + the weight of gasoline in oily catalyst)/the
weight of gas and oil x (100-coke yield);

¢ Diesel oil yield = (the weight of diesel oil in liquid products + the
weight of diesel oil in oily catalyst)/the weight of gas and oil x
(100-coke yield);

e Heavy oil yield = (the weight of heavy oil in liquid products + the
weight of heavy oil in oily catalyst)/the weight of gas and oil x
(100-coke yield);

Analysis and calculated results for gaseous composition and
product distribution from different sampling positions were listed in
table 1 and table 2 respectively.

Table 1. Analysis Result of Gases along RFCC Riser
Sample No. 1# 2# 3# 4# S#
Ci+Cy, m% 18.55 | 11.48 | 8.52 | 12.39 | 18.55
C3+Cy, m% 57.37 | 59.21 | 62.83 | 63.22 | 65.38
Cy+Cy, m% 45.75 | 48.51 | 4942 | 49.22 | 49.99
(C1HCHNC3+Cy) 0.32 0.19 0.14 0.20 0.28
(Cy+C4/(C51Cy) 0.80 0.82 0.79 0.79 0.77
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Table 2. Product Distribution along RFCC Riser

Sample No. 1# 24 3# 4#
Gasoline, m% 25.92 34.93 38.23 38.21
Diesel Oil, m% 21.00 19.65 19.18 19.62
Heavy Oil, m% 28.56 21.65 20.35 17.19
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Figure 2. Product yields Vs. riser height

It is shown from table 1 that the ratio of (C,+C,) to (C5+Cy),
which means the relative capacity of thermal cracking and catalytic
cracking, gets its minimum value in the middle of the riser and then
increases. This phenomenon is consistent to the change of catalyst
activity along the RFCC riser Pl. At the mix zone of catalyst and
feedstock close to the position of feedstock nozzles, the higher
contact temperature of oil gas and catalyst (560°C) and the adsorption
of high-boiling point components on catalyst surface make the
thermal cracking reactions take a more important role relative to
catalytic reaction. At the tail of riser, the obvious formation of
catalytic coke on the catalyst leads to the same result. Although the
content of (C;+C,) and (C; +Cy4 ) in gases increase along the riser,
the ratio of (Cs +C;) to (C3+C,), which is the hydro-transfer
behavior index of catalytic catalyst, arrives at its top point at the
middle of riser and then decreases. This means that the hydro-transfer
behavior of catalyst depends on the activity of catalyst and the
effective reaction time.

Table 2 and figure 2 described the change of product yield along
the RFCC riser. The gasoline yield reaches its maximum point at the
middle of riser, but the yield of diesel oil reaches its maximum point
at the initial stage of riser. The yield of heavy oil (>350°C) deceased
along the riser, but the trend of diminution shrinks quickly; there is
no notable change at the later half of riser. In another words, the
change of product distribution is drastic in the initial stage of riser
and tempered at the later half of riser. In the initial stage of riser, the
heavy oil yield decreases from 90m% in feedstock to 28.9m% at the
first sampling point, and nearly 60m% of feedstock are converted
into gasoline, diesel oil, gaseous product and coke. This points again
that the initial stage play a very important role in RFCC processing,
and improving the contacting situation of feedstock with regenerated
catalyst is a key method to get satisfied product distribution and
maximum refinery profit.

Composition and Properties Changes in Gasoline. Table 3
lists the composition and properties in gasoline at different sampling
points. The naphthene content in gasoline has no notable change for
the reason that the naphthene is relative stable in FCC process .
The olefin content of gasoline first increases to its maximum at the

middle of riser and then decreases. Based on the change analysis of
catalyst activity along the riser I*), the thermal cracking plays a more
important role in the conversion of feedstock to gasoline and diesel
distillates, the olefin content of gasoline increases firstly with its
rapid formation in the initial stage of RFCC riser. At the top of olefin
content in gasoline, the yield of gasoline reaches a stable number,
and then the olefin in gasoline will be reduced gradually with the
reaction proceeding in the later section of RFCC riser. There is no
significant change in RON, MON and anti-knock index of gasoline.
This may be explained by the corresponding increase of aromatics
with the decrease of olefin in gasoline.

Table 3. Properties of Gasoline along Commercial Riser

Sample No. 1# 2# 3# 4# S#
Paraffin , m% 326 | 27.0 | 292 | 30.0 | 299
Naphthene , m% 9.4 8.5 9.0 9.5 9.7
Aromatics , m% 19.9 18.1 14.7 16.8 22.2
Olefin , m% 37.8 | 462 | 47.0 | 435 37.9
RON 926 | 923 93.0 | 92.6 | 923

MON 794 | 79.2 79.8 794 | 79.2
Anti-knock index 86.0 85.8 86.4 86.0 85.8
Sulfur content, ng/g | 430 382 264 251 230

The sulfur content of gasoline decreases along the riser, but the
tendency of decrease shrinks quickly. The sulfide is one type of L-
bases, and the cracking of sulfide should first be absorbed in catalyst
and then be cracked to H,S or other sulfides ”. At the rear of riser,
the cracking centre of catalyst was covered with coke, and the
cracking activity decreasing, so the tendency of sulfur content
decreasing become slowly.

Conclusions

This work gives the changes of product distribution and
properties of products along riser in commercial RFCC unit. The
present studies will be favorable to the progress of RFCC technology.
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Introduction

USY/ZnO/Al,O; additive has excellent sulfur removal activity
for FCC gasoline '?. However, it deactivates very quickly under
hydrothermal conditions at 800°C. In the additive USY and Al,Os are
two main components and the deactivation is impossible to be caused
by the interaction between the two conponents. So, the destruction
can only be due to ZnO. In the paper, XRD technique was used to
investigate the interactions between USY and ZnO.

Experimental

The impregnation method was used to prepare the USY/ZnO
samples with various ratios. These samples were calcined at different
temperatures and then measured by a D/MAX-IIIA X-ray
diffractometer.

Results and Discussion

Effect of ZnO contents and preparation The XRD patterns of the
samples calcined for 6 hours at 500°C were shown in figure 1. When
ZnO  content is  40%, the characteristic = peaks of
Zn0(206=31.8,34.5,and 36.2°) are stronger, of which 36.2° is the
strongest peak, and 34.5° is the weakest; the peaks of USY also can
be detected though they are very faint. However, the order of the peak
intensities change with the decrease of ZnO content. For 30% ZnO,
the order is still 31.8°> 36.2°>34.5°, while, for 20% ZnO it is 31.8
°>34.5°> 36.2° and the peak at 36.2° is very weak. When the ZnO
content decreases to 10%, the peaks of 31.8° and 34.5° can also be
detected clearly, but the one at 36.2° almost disappears.
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Figure 1. XRD patterns of USY/ZnO with different ratios. The
contents of ZnO: a, 10%(wt); b, 20%(wt); ¢, 30%(wt); d, 40%(wt).

It is well known that the diffraction intensity mainly depends on
the kind, number and arrangement of the atoms forming the crystal
cells. In X-ray diffraction of polycrystalline, the relative peak

intensity may vary with crystal surface orientation®. If we mixed USY
and ZnO with the ratio of 9/1(wt), the sequence of the characteristic
peak intensity of ZnO also changes after being calcined (Fig.2). The
peak intensities of 31.8° and 36.2° are very similar in the XRD
pattern of sample before being calcined; however, after being
calcined, the peak at 36.2° is lower than the one at 31.8°. Obviously,
it is unreasonable to attribute the change to the crystal surface
orientation. In our opinion, this may be caused by the strong
interaction between USY and ZnO.
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Figure 2. XRD patterns of USY/ZnO (9/1, wt.): a, mixed directly; b,
sample further calcined at 500°C for 6h.
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For those prepared by impregnation method, ZnO can dispersed
uniformly on the USY surface, that is to say they can contact
intimately. So the diffraction peaks of ZnO affected by USY seriously.
At low ZnO content, there may be no large crystal particles of ZnO.
Therefore, the characteristic peaks of ZnO are not the same as that of
pure ZnO.
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Figure 3. XRD patterns of USY/ZnO (ZnO content: 15wt%) calcined

at various temperatures: a: 400°C, b: 600°C, ¢: 700°C, 750°C, and
800°C.
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Effect of calcining temperature The XRD patterns of the ZnO/USY
samples contained 15% (wt) ZnO calcined for 6 h at various
temperatures were shown in Figure.3. Zn in the samples calcined at
400 and 600°C is present as ZnO. The characteristic peaks of ZnO
weaken with temperature, and disappears completely with those of
USY together in the one calcined at 800°C. This shows that some
reactions between USY and ZnO take place, otherwise the crystal
structure of USY is impossible to be destroyed and converts to
amorphous state. We plot the peak intensities of USY (15.7°) and
ZnO (31.6°) vs. calcining temperature and obtain fig.4, from which
we see that USY and ZnO change according to the same trend with
temperature. This proves again that the destruction of USY is caused
by ZnO. In fig.4 we can also find that ZnO can not destroy USY
significantly when the temperature is lower than 600°C. However,
when it is higher than 650°C, the destructive effect gets more and
more serious. When the temperature rises to 800°C, the peak intensity
of both USY and ZnO drops to zero.
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Figure 4. Trends of peak intensity of USY (26=15.7°) and ZnO (2 6
=31.6°) with temperature.
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Figure 5. XRD patterns of 3/2 (wt) USY/ZnO samples. a: calcined at
700°C for 6 h, b: sample "a” further calcined at 800°C for 4 h, c:

sample “a” further treated in 100% steam at
800°C for 4 h.

Destruction of ZnO to USY How ZnO to destroy the USY crystal
structure has two possibilities. One is that a kind of solid-melting
material forms between USY and ZnO, just like the destruction of

V,0s5 to USY under high temperature; another is that ZnO can react
with Si and/or Al of USY framework via solid phase reactions, and
thus destroys the USY crystal structure. Unlike V,0s, However, the
melting-point of ZnO is far more 1000°C, so the possibility of form
solid-melting material is very small. Thus, the destruction of ZnO to
USY can only attribute to solid phase reactions between ZnO and
USY.

Formation of ZnAl,O, spinel and Zn,SiO, willemite The XRD
patterns of the 3/2(wt) ZnO/USY samples calcined for 6 h at various
temperatures were shown in Figure.5. The XRD patterns of sample
“a” shows USY crystal structure is not seriously destroyed under
700°C. However, sample “b > shows the characteristic peaks of USY
and ZnO have been replaced by the strong peaks of Zn,SiO,
willemite (26=25.3,31.5,34°) and the weak peaks of ZnAl,O, spinel

(20=31.2,37.0,59.2°) . In Figure.5, the broad peak at 31°, and the
two weak peaks at 25.2° and 34° correspond to the characteristic
peaks of Zn,SiO, willemite; while the two broad peaks at 31° and
36.5° correspond to the characteristic peaks of ZnAl,O, spinel, which
shows that the structures of Zn,SiO4 willemiteand ZnAl,O, spinel.
have been formed in the samples calcined at 750 °C and 800°C.
However the samples were calcined at 750 °C or 800°C, the peak
intensity of ZnAl,O, spinel at 36.5° is always stronger than the one of
7Zn,Si0, willemite at 31°. Meanwhile,the peak of Zn,SiO4 willemite
at 34° is very weak. Thus, it can be concluded that ZnO reacts
preferentially with the framework Al of USY to form ZnAl,Oy, spinel,
and cause the collapse of the USY crystal structure. For the Si/Al
ratio of USY is very high, the peak intensities of Zn,SiO,
willemiteand are stronger than that of ZnAl,O, spinel. Furthermore,
the XRD patterns of the samples calcined and treated with steam at
800°C are all almost the same, so the interactions between ZnO and
USY have no relations with the steam.

In addition, XPS results show that ZnO can react with surface of
HZSM-5 zeolite, and then form [ZnOH]" **S. The mechanism of the
interaction between ZnO and USY maybe similar to that , ie. ZnO
firstly reacts with the oxygen of Bronsted acid of USY, and formed
[ZnOH]". Through the dehydration between [ZnOH]" and adjoining
aluminum hydroxy at high temperature, Zn and Al can be connected
by oxygen to form spinel structure. Certainly, this is just a guess, and
the detailed explanations need further research.

Conclusions

Temperature is the determined factor and steam does not play a
great role in the destruction of ZnO to USY. The results shows that in
the USY/ZnO ZnO can capture the framework Al of USY at high
temperature to form ZnAl,O, spinel to cause the collapse of the
framework of the USY zeolite, and the USY then converts to
amorphous state. The alumina and silica can further react with ZnO,
if it is enough, to form ZnAl,O, spinel and Zn,SiO, willemite.
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Intruduction
SOy is one of the most important pollutants of air. With the

increase of automobile number, its pollution is more and more serious.

So the developed countries promulgated rules to limit the sulfur
content of gasoline stringently. In China, the sulfur content of
gasoline must be equal to or less than 800 pg/g, and will be reduced
greatly in the near future. Therefore, developing effective and cheap
sulfur removal technologies is a very important thing.

FCC is the leading process for transforming heavy oil to light
fuels. In China about 80% commercial gasoline is from FCC.
Because most of FCC feeds are not pretreated, the sulfur content of
FCC gasoline is far higher than catalytic reforming, isomerization
and alkylation gasoline components. That is to say, the sulfur in
commercial gasoline is mainly from FCC gasoline. Therefore, almost
all the sulfur removal routines of gasoline, such as hydrotreating of
FCC feed, hydrodesulfurization of FCC gasoline, adsorption
desulfurization, etc. are aiming at FCC gasoline. In these
technologies, hydrotreating of FCC feed, which operates under high
temperature and pressure, is a very effective way to desulfurize, but it
is also very costive; hydrodesulfurization of FCC gasoline can
operate under relatively mild conditions, however, how to avoid the
decrease of octane number is a difficult problem; the process of
adsorption desulfurization is quite complex, and H, is needed to
restrain coke formation in sulfide adsorption step and to regenerate
the adsorbent ',

In fact, if the sulfur content of FCC gasoline can be reduced in
situ FCC process, it is no doubt that this will be the most convenient
and cheapest technology for sulfur removal. Wormsbecher and Kim
*® invented the additive for sulfur reduction of FCC gasoline which
can be added into the reaction-regeneration system of FCC
expediently based on the real situation to promote the cracking of
sulfur compounds in the gasoline range. The maximum of sulfur
reduction is about 40% compared to the sulfur content of gasoline
produced without adding the additive if the additive is combined with
the specially developed FCC catalyst ’. Although the sulfur reduction
percent is quite high, the highest absolute amount of sulfur removed
is only about 200pg/g. In China, the sulfur content of FCC gasoline is
often higher than 1000pg/g. Obviously, if only less than 200ug/g
sulfur can be reduced, then the technology seems useless. Therefore,
we aim at the situation in China to develop the technology of sulfur
removal additive of FCC gasoline.

In our previous work, we have designed the additive which
includes selective adsorption site of sulfides and sulfide cracking site
8 According to the idea we prepared USY/ZnO/AlL,O; additive and
evaluated it in a confined fluidized bed unit for catalytic cracking
experiments with VGO as the feed. The results show that the additive
has excellent sulfur removal performance, and no marked effect on
the product distribution was observed except for a little increase in
coke yield °. In the paper, we will introduce the evaluation results of
the additive in recycling fluidized bed reactor.

Experimental

The VGO feed was provided by Shenghua refinery. The
properties of the feed have been introduced somewhere’.

The FCC catalyst used in the experiments is Vector 60 SL
regenerated catalyst. The USY/ZnO/Al,O; additive was prepared
with semi-synthesis method. Firstly we mixed the Zn(NO;), and
AI(NO;); solutions together, and then dripped NH;°H,O solution into
the mixed solution with continuous stirring till to all the solution to
be deposit. After filtration and washing, we dried the deposit at 120°C
for 10 h, and then calcined it in a muffle at 700°C for 6 h. Crashing
and screening the solid, we obtained the additive with the size
0.078~0.18mm. The BET area was determined by Nitrogen
adsorption-desorption on an ASAP 2010 surface area analyzer and is
206 m¥/g.

The evaluation of the additive was conducted in the recycling
fluidized-bed apparatus for catalytic cracking experiments (fig. 1).
The pure FCC catalyst or the mixed catalyst (the FCC catalyst/the
sulfur removal additive = 7/3 (wt./wt.)) is firstly added into the
system before experiments. When the temperatures of all the
controlled points reach the set values and the catalyst impelled by
steam can recycle normally, the steam is switched to heated feed.
Thus, the catalytic cracking of the feed takes place in the riser and the
coked catalyst is regenerated in the regenerator by air. In our
experiments, the feeding rate was 4kg/h; the temperatures at the
outlet of the riser and the regenerator were 500°C and 680°C,
respectively; the catalyst/oil ratio was controlled at 5.9.
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Figure 1. Schematic of FCC apparatus for experiments.

When the reaction proceeded stably, we collected the gas, liquid
and flue gas for 1 h to calculate the material balance, analyze the
coke, dry gas, and C3+C4 yields by chromatography. Gasoline and
diesel are separated from the liquid product by distillation. The sulfur
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content of the gasoline was determined by Micro-Coulomb method.
Hydrocarbon composition and octane number of the gasoline were
analyzed by HP5890.

Results and discussion

The USY/ZnO/Al,O; additive was evaluated in a recycling
fluidized-bed apparatus for catalytic cracking experiments with the
catalyst/oil ratio of 5.9 at 500°C. The results adding 30% the additive
and using pure FCC catalyst under the same conditions are listed in
table 1. From the table we can see that the conversion adding 30% the
additive is about 8 percent points higher than that using pure FCC
catalyst because the additive is more active than the FCC catalyst,
however, the sulfur content of the gasoline adding the additive is
784.3 ng/g, nearly 32% lower than that using pure FCC catalyst.
Compared to the situation using the pure FCC catalyst, adding the
additive can improve the yields of C3+C4, gasoline and diesel with
almost the same dry gas yield, especially the yield of gasoline
increases by more than 5 percent points with almost the same
selectivity; the negative effect is that the yield of coke increases by
2.25 percent points.

Table 1. Comparisons of the experimental results in Riser

30% FCC
Additive Catalyst
Temperature, 500 500
Condition °C
Catalyst/Oil 5.9 5.9
Residence time, 0.90 0.91
s
H, 0.48 0.26
Dry gas 231 2.21
Yield C3+C4 14.33 13.95
wt% Gasoline 44.93 39.51
Diesel 19.16 18.10
Coke 7.25 5.01
Conversion, % 68.82 60.68
Yield of light oil, wt% 64.09 57.61
Dry gas 3.36 3.64
C3+C4 20.82 22.99
Selectivity Gasoline 65.29 65.11
% Diesel 27.84 29.82
Light Oil 93.13 94.94
Coke 10.53 8.26
Sulfur Gasoline 784.3 1150
content Coked catalyst 99.81 97.85
ug/g
Sulfur reduction of gasoline, 31.8 -
%

Our previous work shows that in FCC gasoline about 80%
sulfides are thiophene and thiophenes with different or different
number alkyls '°, and the others are mercaptans, thioethers and
di-sulfides. Mercaptans, thioethers and di-sulfides are easier to crack
to H,S and hydrocarbons, thiophenes, however, are relatively more
difficult to desulfurize by cracking because of their stable conjugation
structure. Thus, to remove thiophenes effectively, the additive must
have higher activity besides its selective adsorption ability to sulfides.
So that the conversion and the light oil yield are higher is what we
have expected.

Moreover, all the sulfides in FCC gasoline can form coke or
sulfur contained coke during cracking ', however, thiophenes are

easier to form coke because of their lower H/C ratio. The experiments
using pure thiophene as the feed show that thiophene can cracking to
hydrocarbons and H,S, meanwhile coke is unavoidable because the
formations of hydrocarbons and H,S need hydrogen which is from
thiophene directly or indirectly '2. Benzothiophenes are even easier to
form coke than thiophene for its even lower H/C ratio ''. Since the
sulfur removal additive we prepared can adsorb and crack sulfides
selectively, that the coke yield is higher is not abnormal.

Table 2. Comparisons to the hydrocarbon composition and
octane number of the gasoline produced using pure FCC catalyst
and adding 30% the additive.

Catalyst Adding 30% FCC Catalyst
USY/ZnO/Al,04
Alkane, % 25.47 25.62
Naphthene, % 8.20 7.07
Aromatic, % 30.27 29.85
Alkene, % 35.99 37.47
RON 95.9 96.1
MON 82.2 82.4

The hydrocarbon compositions and octane numbers of the
gasoline are listed in table 2. Adding the additive, we can see that in
the gasoline naphthene and aromatic increase a small amounts and
alkene decreases about 1.5 percent points. Obviously, the additive can
not change the gasoline composition significantly. Consequently,
both the RONs and MONSs are almost the same in the two situations
of adding and not adding the additive.

Conclusions

The USY/ZnO/AL 05 sulfur removal additive for FCC gasoline
has excellent sulfur removal activity. At 500°C and the catalyst/oil
ratio of 5.9, the sulfur content of gasoline can be reduced more than
30% when 30% the additive is added compared to the situation using
pure FCC regenerated catalyst, and adding the additive can improve
the yields of C3+C4, gasoline and diesel except for about 2 percent
point increase in coke yield.
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Introduction

After a quite long time exploration, steadily heavier crude oil is
becoming one of the toughest frontiers in fluid catalytic cracking
(FCC) process. Almost at the same time, stringent environmental
constraints also put a big pressure on FCC process to readjust its
product distribution and improve its product quality.

In recent years, many upgrades and modification have been done
for RFCC units. In terms of process technology, MSCC,
Down-Flow FCCP!, Double-Riser FCC™ and Two-Stage Riser
FCC*! (TSRFCC) were developed one by one. Another term is
advanced by FCC equipment enhancement such as novel feed
nozzle!®, fast separating system at riser outlet!”), high-efficiency
regenerator, multi-step reactor strippers, and riser terminations, etc.
Among these technologies and studies, obviously, most are merely
peripheral modification around the FCC riser reactor; quite few
touched the very course of FCC reaction except that MSCC and
Down-Flow FCC are on the way to real industrialization.

Riser reactor, commonly applied by worldwide FCC (One-Stage
Riser, OSRFCC) process, was proved that, in the second half of riser,
the activity and selectivity of the catalyst drop dramatically and
over-cracking of intermediate products occurs®, which deteriorate
markedly the product distribution and final products properties.
Based on this fact, a novel FCC process named TSRFCC had been
invented successfully in china. The features of this new process are
attributed to catalyst in relay, subsection reaction, high catalyst/oil
(C/O) ratio and short residence time, through which the average
activity and selectivity of the catalyst are enhanced and undesirable
secondary reaction and thermal reaction are suppressed efficiently.
Some former studies proved that TSRFCC process open a fairly good
way to maximize gasoline yield. But under the atmosphere of
insufficient supply of diesel in the worldwide market, especially in
China, how to maximize diesel/gasoline ratio is a very important and
urgent task. TESRFCC-I technology, a modified TSRFCC process
had been studied on this paper to fulfill the task.

The Configuration and Theory of TSRFCC-1

The primary difference between TSRFCC and TSRFCC-I is that
in the latter process the diesel cut produced by the first stage riser is
removed from the internal products, then the rest parts of gasoline
and heavy oil being injected into the second stage riser instead of
overall internal products in series in the original TSRFCC process.
Figure 1 shows the principle flow chart of both OSRFCC and
TSRFCC processes. In the modification of commercial plants, the
internal fractionating tower will be a new one or the former one.

Firstly, TSRFCC-I inherits the original features of catalyst in
relay and subsection reaction to ensure oil vapor contact regenerated
catalyst in both stages. Secondly, removing internal diesel produced
by the first stage avoids its over-cracking in the second stage, thus
maximum diesel yield can be achieved. Thirdly, removing internal
diesel enhances the heavy oil conversion to light oil in the second
stage, llustrated by chemical balance of catalytic cracking reaction.
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Figure 1 Comparison between OSRFCC and TSRFCC-I

Experimental

The performance of TSRFCC-I was evaluated in a pilot FCC
plant!. One mixture of 65Wt%VR + 35wt%VGO was employed as
feedstock, the properties in Table 1. Catalyst used is commercial
equilibrium catalyst ZC-7300, the microactivity is 60. Gaseous
products were analyzed in HPS890II and Varian GC-3800C, and
liquefied products in HP5880A.

Table 1 Property and composition of FCC feedstock

Density(20°C, g/ml) 0.9205 | CCR (Wt%) 1.62
G saturated 52.37 Metal Fe 2.52
roup aromatics | 30.08 cta Ni 4.90
components T Content
(Wi%) resin 17.47 (ppm) Cu /
asphaltene 0.076 \ 0.095
1 t H 12.67 0% 331
s C 8591 | Distillation | 10% | 467
PO N 031 range(°C) | 20% | 491
(Wt%)
S 0.16 30% 518

The main reaction conditions include temperature 490~520°C,
the ratio of catalyst to feedstock 6, and residence time 1.5~2.2 s.

Results and Discussion

Yield Distribution Table 2 shows the product distributions of
two different technologies. Compared with OSRFCC, at high
conversion, TSRFCC-I showed a 6-7 percent point increase in diesel
yield, accompanied by a 1.5-2 percent point increase in light oil while
maintaining the same level of liquid product yield. Moreover, a 2
percent point decrease of dry gas yield was achieved. Obviously,
reduced effect of thermal cracking had been confirmed as well as the
yield distribution of TSRFCC-I had been markedly improved.

Table 2 Product structure of OSRFCC and TSRFCC-I

Pro. Distri. (wt%) OSRFCC TSRFCC

hydrogen 0.19 0.14 0.11 0.15
dry gas 4.27 4.42 23 2.68
LPG 19.72 17.84 17.73 18.27
gasoline 50.07 50.47 45.11 44.86
diesel 15.15 14.13 23.44 21.87
heavy oil 4.41 5.84 3.24 3.75
light oil 65.23 64.6 68.56 66.73
coke 6.38 7.30 8.17 8.57

liquid product yield* 84.94 82.44 86.29 85
Conversion™* 95.59 94.16 96.75 96.25

* Liquid product yield = LPG + gasoline + diesel
** Conversion = (100 — heavy oil)%
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It is commonly believed that dry gas is produced by thermal
cracking abiding by free radical mechanism. In the second half of
conventional riser with 3 second above residence time, oil vapor
can’t fully contact acid sites due to deposited coke on the catalyst, so
high temperature increases thermal cracking dramatically and
quickly, as a result, increasing dry gas yield appears. In the course of
TSRFCC-I, at the outlet of first stage riser oil vapor is separated with
the deactivation catalyst in time before impending increasing thermal
cracking, then injected into the second stage to contact with the
regenerated catalyst exhibiting great accessibility of active sites.
Consequently, thermal cracking was reduced radically and dry gas
yield was minimized accordingly.

In the term of diesel, TSRFCC-I showed a 6-8 percent point
increase compared with OSRFCC at similar conversion. It can be
explained by two reasons. Firstly, removing internal diesel as final
product prevent it from over-cracking in the second stage. Secondly,
a great amount of active sites on the catalyst in the second stage cater
for the heavy oil cracking well, which make speed of diesel
producing surpass cracking. Diesel yield and diesel/gasoline ratio can
therefore be maximized, which satisfies the changing trend of
marketing structure.

Light oil yield in TSRFCC-I is 1-2 percent point higher than that
in OSRFCC at highly extended conversion while keeping sound yield
structure. Even though gasoline yield is relatively low in TSRFCC-I
via cracking twice, the increase of diesel yield compensate the
decrease of light oil for the loss of gasoline yield excessively.

As far as coke is concerned, the relatively high yield may be
related to the hydrocarbons entrapped in the pores of the catalyst and
carried through the inefficient stripping. This situation will be
improved in FCC commercial unit.

To fully utilize TSRFCC-I technology, an optimum internal
conversion must be controlled. Inappropriate internal conversion will
definitely break the balance of two stages and deteriorate the course
of reaction in whichever stage unavoidably, so the overall product
structure is doomed to get worse. Numerous experiments proved that
an optimum internal conversion must be chosen at the point where
the high yield and selectivity of light oil in first stage was obtained
and catalysis of catalyst dropped evidently. Only by doing so, two
stages can run effectively and intimately.

Product Properties Data concerning the composition of LPG
are shown in Table 3. The total yields of propylene and butylenes in
TSRFCC-I are 85wt% above, versus 81wt% below in OSRFCC,
higher 4 percent point. Higher light olefin yield in FCC unit is
compatible with the trend of increasing demand of petrochemical
feedstock.

Table 3 C;and C, olefins contents (Wt%)in LPG

Olefin OSRFCC TSRFCC
C; 33.56 3456 40.15 37.70
Cy 4727 40.83 4723 47.49

Total olefin ~ 80.84 7539 8738  85.20

Used feedstock, a kind of paraffin-rich oil, is potentially
efficient to produce smaller olefins by catalytic cracking leading to
higher olefin content in FCC gasoline. This explains why gasoline
produced by paraffin-based crude is generally unqualified for the
environmental regulations. At the same conversion, gasoline in
TSRFCC-I, compared with OSRFCC, gives a similar content of
n-paraffins, an increase of i-paraffins, a considerably deduction of
olefins as well as an increase of octane number. The composition data
of gasoline are present in Table 4.

Table 4 Gasoline composition of OSRFCC and TSRFCC-I (wt%)

Items OSR1 TSR1 OSR2 TSR2 OSR3
Conversion 80 96.56  76.27  96.75  95.78
n-paraffin 5.58 5.40 5.36 5.42 5.11
i-paraffin 23.65 28.12 2579 2990 24.00
naphthene 7.79 8.07 8.00 7.65 6.34

aromatic 1886 2545 1682 1875 19.02
olefin 4431 33.13  44.09 3829 4547
RON 90.9 94.2 90.9 93.2 93.2
MON 78.0 80.8 78 80.0 80.0

Anti-knock index 84.4 87.5 84.4 86.6 86.6

The feed is nearly converted completely in the present of
catalyst via two stages. Employing regenerated catalyst and higher
C/O ratio brought by subsection reaction in the second stage increase
the amount of accessible active sites, which would lead to more
hydrogen transfer, so more gasoline olefins would be saturated,
otherwise, the probabilities of isomerization and aromatization also
increased, as a result, the gasoline olefinicity went down
significantly. Higher octane numbers of increased aromatics and
i-paraffins than decreased olefins account for the little enhancement
of gasoline octane numbers.

Conclusions

The novel TSRFCC-I process (vs. TSRFCC) has a great impact
on yield structure, conversion and products properties. Removing
diesel cut from internal products boosts overall conversion,
maximizes the production of diesel and diesel/oil ratio, minimizes the
content of olefins in gasoline, and improves the qualities of LPG and
gasoline. Due to the unique configuration of TSRFCC-I process,
maximizing the profitability of FCC units will become possible in the
near future.
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1 Introduction

To meet the production of the different commercial and
increasingly stringent environmental demands, FCC as an important
gasoline producing unit will point to decreased sulfur, to maximize
the octane barrel while keeping a good output, and to be flexible
enough to increase the production of valuable C;~Cs olefins and
isobutene, which are desired for producing oxygenates and alkylated
gasoline. It is difficult to accomplish all these goals with a simple
catalyst formulation, and one may oversee the possibilities of using,
besides Y, other zeolites, either as the main active components or as
catalyst additives. In order to explore good FCC catalytic materials,
other than ZSM-5 and Y, researchers have investigated zeolites, such
as, Beta and Omega'**! as FCC catalyst additives. MCM-22 zeolite,
with nonconnected 10 and 12 member ring channels, may play an
important role in the multi-function of FCC catalyst.

It was reported in the open literature!*® that the behavior of
MCM-22 in catalytic cracking of pure paraffins is between 10
member ring zeolites, such as ZSM-5, and 12 member ring zeolites,
such as Beta. Corma et al' compared the behavior of MCM-22
zeolite with that of ZSM-5 zeolite as FCC catalyst additives. It is
found that MCM-22 produces less total gases, as well as less dry
gases, with a lower loss of gasoline than ZSM-5, in the line of the
claims in Mobil patents!”*,

In the present work we have studied the catalytic cracking of a
FCC feedstock on a FCC catalyst with MCM-22 as an additive, and
the results are compared with those obtained on ZSM-5 and Beta
additives respectively. The influence of pore geomertry on cracking
parameters such as the hydrogen transfer coefficient (HTC), and the
cracking mechanism ratio (CMR) is also discussed.

2 Experimental

2.1 Materials

The zeolites used were Beta, ZSM-5 and MCM-22. The former
two were provided by RIPP (Research Institute of Petroleum
Processing), and the latter was synthesized in the lab®. The parent
zeolites were subject to steam treatment at 1 atmosphere of steam and
800°C for 4h. The characteristics of the zeolites used in this work are
given in Table 1.

The base FCC catalyst used was CC-16, which used USY as the
main active craking component, and did not contain an additive, a
commercial FCC catalyst produced by Changling Catalyst
Corporation. The base catalyst was also steamed at 1 atmosphere of
steam and 800°C for 4h, then mixed with the steamed zeolites Beta,
ZSM-5 and MCM-22, respectively. The percentage of the zeolite over
the total catalyst was 8wt%. All catalysts were palletized, crushed,
and sieved, a 0.59 t00.84 mm diameter fraction was taken.

2.2 Reaction procedure

The feedstock, a vacuum gasoil mixed with a vacuum resid by
30wt%, whose characteristics were given in Table 2, has been
cracked in a down flow MAT unit, which has been designed to
accomplish the ASTM D-3907 standard. Catalyst loading was always

5 grams. All reactions were carried out at 500 ‘C, and a
time-on-stream of 60 seconds. In order to get different conversion
levels, different catalyst-to-oil ratios were obtained by changing the
amount of feedstock. The liquid products were collected in a glass
receiver located at the exit of the reactor, which was refrigerated in a
water-ice bath. Meanwhile, the gaseous products were collected in a
gas buret by water displacement. Coke was determined in-situ by
combustion in an air stream at 600°C for 1h and monitoring the CO,
formed by means of an IR cell. Gases were analyzed by GC. Liquid
products were analyzed by simulated distillation.

3 Results and Discussion

In Figl the total conversion and selectivities are given for
different catalyst-to-oil ratios and therefore, for different conversion
levels, at 500 C of reaction temperature and 8wt% of steamed
additive over the total catalyst. The results (Figla) show that, at the
same catalyst-to-oil ratios, the catalyst with MCM-22 additive has the
lowest activity among all the catalysts, and even lower than the base
catalyst which does not contain an additive. The data in Table 1
indicate that MCM-22 is a hydrothermal stable zeolite both in the
case of structure and acidity, so the lower activity may be attributed
to the limitations of diffusion of the large molecules in the feedstock
through the two-dimensional 10 member ring windows in MCM-22
crystal. In Figl, the results also show that MCM-22 additive yields
more gasoline, LCO and coke, less gases comparing with ZSM-5,
and less gasoline and LCO, more coke and gases comparing with
Beta, in accordance with the open literature!®”®!. These indicate that
the cracking behavior of MCM-22, which contains both10 and 12
member ring channels, is between that of ZSM-5, which only
contains 10 member ring channels, and Beta, which only has 12
member ring channels.

The ratio of C,%/C4 observed in the gas products were defined
as the hydrogen transfer coefficient (HTC), which reflects the
hydrogen transfer activity of a catalyst!'%., In Fig2a, the results show
that the HTC for MCM-22 is the largest, then, Beta, and ZSM-5 is the
smallest among the three zeolites. These indicate that the hydrogen
transfer activity of the three zeolites is: MCM-22>Beta>ZSM-5. In
addition, the olefinicity of the gas products also can reflect the
hydrogen transfer activity of a zeolite. In Fig2b, the C;~ /Total Cj
ratio is in the following order: ZSM-5>Beta>MCM-22, in agreement
with the conclusion reached from the analysis of the HTC, that is, the
hydrogen transfer activity of MCM-22 is even higher than Beta,
which has 12 member ring channels. The reason may be that it is ease
to occur hydrogen transfer reaction of the molecules of products in
the 12 member ring super cages of MCM-22, which have 10 member
ring apertures, since the molecules of cracking products are difficult
to diffuse through the 10 member ring windows. The results we got
are in agreement with that in the Mobil patents!”®!, but Corma!® et al
found that the C;7/C5’, C,7/C," ratios are higher for MCM-22 than for
ZSM-5, and they suggested the reason may be that there is a
relatively low amount of framework Al content in the super cages of
MCM-22.

The cracking mechanism ratio (CMR), which is defined as the
ratio of dry gases (methane, ethane, and ethylene) to isobutane in the
gas products, is used to measure the ratio of monomolecular to
bimolecular types of cracking, since C; and C, are typical products
from protolytic cracking, while iC, is a typical product formed by
B-scission of branched products!'""'?. The results from Fig2c show
that the CMR is largest for ZSM-5 among the three additives, the
CMR for MCM-22 is little larger than that of Beta, and far smaller
than that of ZSM-5. These indicate the ratio of protolytic to
B-scission cracking occur on zeolites in the following order:
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ZSM-5>MCM-22>Beta, and also indicate that the 12 member ring
cavities, which, is half of the supercages of MCM-22, opened to the
exterior, at the end of the crystal platelets of MCM-22, play a more
important role in the catalytic cracking reaction than the 10 member
ring channels of MCM-22.

4 Conclusions

When MCM-22, ZSM-5, and MCM-22 use as FCC catalyst
additive respectively, in agreement with their structure, MCM-22
yields more gasoline, LCO and coke, less gases comparing with

ZSM-5, and less gasoline and LCO, more coke and gases comparing
with Beta. The hydrogen transfer activity of MCM-22 is higher than
that of ZSM-5 and Beta; while the cracking mechanism ratio (CMR)
of MCM-22 is much lower than that of ZSM-5, little larger than that
of Beta, which means that the 12 member ring cavities on the crystal
surface of MCM-22 play an important role in the catalytic cracking
reaction. The performance of MCM-22 in catalytic cracking reaction
is between that of ZSM-5 and Beta, and close to that of Beta.

Table 1 Physicochemical Characteristics of the Zeolites

. NH;-TPD Pyridine adsorbed acidity (200°C) /
. SBET SlOz/ Vmicro/ . q:
Zeolites b acidity pmol/g
/m7g  ALO; ml/g -
/ mmol/g Bronsted Lewis B+L
MCM-22 572 27 0.202 1.092 61.0 9.5 70.5
Fresh — 7oMm.5 397 32 0.162 1.074 91.5 7.1 98.6
Samples
Beta 610 30 0.229 1.220 54.2 20.2 74.4
MCM-22(S) 486 27 0.161 0.207 37.3 7.1 44.4
g;‘;flmlzcs‘ ZSM-5(S) 350 32 0.150 0.166 13.6 333 46.9
P Beta(S) 440 30 0.166 0.120 33.9 57.1 91.0
Table 2 Characteristics of the Feedstock
Density (20°C) /g/cm’ 0.8731 Refractive Index (70°C) 1.4682
Distillation Curve / ‘C ¥(80°C) /mm?/s 17.56
IBP 189 Acid Number /mgKOH/g 0.07
5% 398 Conradson Carbon/wt% 0.7
10% 418 Ash Content/wt% 0.05
30% 457 Slufur /wt% 0.12
50% 497 Nitrogen/wt% 0.11
70% 549 Carbon/wt% 86.43
90% 73.5%, 560°C Hydrogen/wt% 13.53
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Introduction

Light alkanes aromatization over zeolite based catalysts is well
known (1,2). It has been shown that HZSM-5 zeolite can be modified
by incorporation of metal or metal oxides in order to obtain catalysts
for selective hydrocarbon conversions (3-5). Activity, selectivity and
stability of the catalysts for those shape selective reactions depend
not only on the porous structure of the zeolite but also on the density
of acid sites and their strength distribution, as well as on metal sites
distribution and metal support interaction (6). The catalyst systems
prepared in this way operate bifunctionally. Among the Group VIII
metals, platinum and palladium supported on HZSM-5 have been
widely and thoroughly investigated (7). Nickel on HZSM-5 has been
found to be active in the aromatization, hydrocracking and
isomerization of hydrocarbon (8-10).

In the present paper, a series of zeolite supported metal catalysts
were prepared by impregnation method, the transformation of n-
heptane over the catalysts was investigated

Experimental

Preparation of catalyst. A certain ratio (50:50 in this paper) of
commercially available NaZSM-5 (Zhoucun, China, Si/Al atomic
ratio=35) and alumina were mixed with dilute nitric acid, the mixture
was then extruded into diameter 1.5mm sticks. The sample was dried
in air at 110 °C for 20h, and the supports containing ZSM-5 were
obtained by calcination of above dry sticks at 500°C for 6h. For
sodium removal, the supports were treated with a solution of 1.0 M
ammonium nitrate and then calcined at 500 °C for 4h. The ZSM-5
supported nickel catalysts were prepared using incipient wet
impregnation method. A series of Ni/HZSM-5, Mo/HZSM-5 and Ni-
Mo/HZSM-5 catalysts were prepared according to this method. The
active components NiO and MoO; were deduced from nickel nitrate
and ammonium molybdate, respectively. All catalysts were dried at
110 °C overnight, and then were calcined at 500 °C for 4 hr.

Characterization of the catalysts. X-ray powder diffraction
analysis was carried out with a Rigaku D/max-[JA diffractometer
using a graphite-filter CuKa radiation at a scan rate of 2 degrees per
minute. Temperature programmed desorption (TPD) experiments
were conducted on a self-installed TPD/TPR combined apparatus.
About 0.1g of sample was placed in a stainless tubular reactor with
inner diameter of 6mm. The sample was treated in a flow of ultra-
pure nitrogen at a flow rate of 30ml/min at 150°C for 2h to remove
the impurity absorbed on the surface of samples. The reactor was
cooled down to 50°C and then NH3 was pulsed into the system until
the saturation of adsorption of NH; was reached at this temperature.
The flow of nitrogen was kept for another 2h at 50°C in order to
obtain a high quality base line. Then the reactor was heated from
50°C to 540°C at a rate of 8°C/min, holding at 540°C for 60min. The
gas evolved during each TPD run was detected with a thermal
conductivity detector (TCD) and recorded by computer. The final Na

content in the catalyst after ammonium nitrate treatment and the Ni
and Mo contents in the catalysts were determined with atomic
absorption spectrometry method.

Catalyst activity. Catalytic activity measurements were carried
out in a high pressure micro-reactor unit of 10 mm L.D., 40cm in
length. 10 ml of the catalyst extrudates were loaded in the reactor.
For reduction process, the catalyst is reduced in H, atmosphere for 3
hours at 360°C (for Ni/HZSM-5) or 500°C (for Mo/HZSM-5 and Ni-
Mo/HZSM-5). Pure n-heptane is then fed at test temperature. The
reaction conditions are reaction pressure, 0.2~1.0MPa, H,/feed ratio,
150, and LHSV, 2h™". The reaction product was cooled and separated
into gaseous and liquid products in a high-pressure separator. The
gaseous products in this test were not analyzed, and the PIONA
compositions of the liquid products were analyzed using a Varian
3800 gas chromatography equipped with a FID detector and a 100m-
quartzose PIONA column.

Results and Discussion

Catalysts Characterization. The X-ray diffraction pattern of
the support with 50% HZSM-5 content was completely matched with
that of the pure HZSM-5, the Ni/HZSM-5, Mo/HZSM-5 and Ni-
Mo/HZSM-5 catalysts” XRD patterns exhibit almost identical
intensity of the peaks with HZSM-5 except some NiO and MoO;
peaks occurring in the latter’s. The final Na contents in the 50%
HZSM-5 support is 0.066%; the Ni content in Ni/HZSM-5 catalyst is
7.1%; the content of Mo in Mo/HZSM-5 is 6.8%; the contents of Ni
and Mo in Ni-Mo/HZSM-5 are 7.6% and 2.1%, respectively.

The spectrums of NH;-TPD from HZSM-5(50%), Mo/HZSM-5
and Ni-Mo/HZSM-5 were shown in figure 1.1t was reported (11) that
according to the desorption temperature on NH;-TPD profile, the
acid cites were classified as weak (<300°C), medium (300~450°C)
and strong (450~550°C). It was indicated from the results that the
acid sites distribution of the Mo/HZSM-5 and Ni-Mo/HZSM-5
changed after the metal incorporation in HZSM-5, the medium and
strong acid sites in the catalysts weakened due to the effect of Ni and
Mo.

HZEM -5

MM o-HZSM-5

Desorbed NH,

Mo-HZEM-5

T T T T T T T T T
100 150 o0 50 00 250 400 450 s00

Temperature °C

Figure 1. Temperature-programmed desorption spectrums of NH;
from HZSM-5, Mo/HZSM-5 and Ni-Mo/HZSM-5
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Effect of hydrogen pressure and reaction temperature.
Effect of hydrogen pressure on the conversion of n-heptane and
aromatics selectivity over Ni/HZSM-5 catalyst was shown in figure
2. The conversion of n-heptane increases with the enhancement of
the hydrogen pressure, but the aromatics selectivity of the product
decreases with the raising of the hydrogen pressure, which indicating
that low hydrogen pressure can promote the production of aromatics.
It is well known that low hydrogen pressure is in favor of
dehydrogenation, while the dehydrogenation of n-heptane produces
the aromatics. Figure 3 illustrates the effect ofreaction temperature
on the aromatics selectivity over Mo/HZSM-5 and Ni-Mo/HZSM-5
catalysts. Aromatics selectivities of the two catalysts increase with
the elevation of the reaction temperature, but Ni-Mo/HZSM-5
catalyst shows higher aromatics selectivity than that of Mo/HZSM-5
at 380~400°C. There is a general acceptance (12) that the major role
of the metal in the catalyst is to accelerate the combination of surface
hydrogen, which formed from the dehydrogenation and
dehydrocyclization process involved as key steps in the conversion
of alkanes to aromatics via alkenic intermediates. The Ni-Mo may
have a more marked tendency to accelerate the combination of
surface hydrogen than the Mo in the catalyst, so the aromatics
selectivity of the Ni-Mo/HZSM-5 catalyst is higher than that of
Mo/HZSM-5. The relatively less medium and strong acid sites in Ni-
Mo/HZSM-5 than in Mo/HZSM-5 is potentially related to the higher
aromatization activity of the former.

Effect of metal component. The detailed products selectivity
from n-heptane over HZSM-5, Mo/HZSM-5, Ni/HZSM-5 and Ni-
Mo/HZSM-5 catalysts was summarized in Table 1. Under the same
reaction conditions, Mo/HZSM-5 and Ni-Mo/HZSM-5 show higher
conversion of n-heptane than the rest two catalysts. The aromatics
selectivity increases with the order of HZSM-5, Mo/HZSM-5,
Ni/HZSM-5 and Ni-Mo/HZSM-5. The Ni-Mo catalyst gives the
highest aromatics selectivity 54.89, while the aromatics selectivity of
the HZSM-5 is only up to 25.53. The relatively high percent ratios of
paraffin and iso-paraffin in the products achieved from n-heptane
over above four catalysts indicates that cracking of n-heptane
occurring in the reactions. From the results it can be found that about
60% of n-heptane was cracked over HZSM-5 and only 20% of the
feed was changed into aromatics. While only 30% of n-heptane was
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Figure 2. Effect of hydrogen pressure on the conversion of n-heptane
and aromatics selectivity over Ni/HZSM-5 catalyst. Temperature
380°C, Hy/feed ratio, 150, and LHSV, 2h™.
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Figure 3. Effect of reaction temperature on the aromatics selectivity
over Mo/HZSM-5 and Ni-Mo/HZSM-5 catalysts. Hydrogen pressure,
0.2MPa, H,/feed ratio, 150, and LHSV, 2h™".

cracked over Ni-Mo/HZSM-5 and above 50% of the feed was
changed into aromatics. The cracking of alkanes is related to the
acidic sites on the catalyst; the incorporation of Ni-Mo on the
HZSM-5 has weakened the medium and strong acidic sites on the
HZSM-5, which depressed the cracking of n-heptane over the
catalyst. The cracking of n-heptane over Mo/HZSM-5 and
Ni/HZSM-5 was also restrained and the aromatics selectivity of the
two catalysts was higher than that of HZSM-5 but lower than that of
Ni-Mo/HZSM-5. The group components of the products from n-
heptane over Ni-Mo/HZSM-5 with the reaction temperature were
illustrated in figure 4. The results reveal that nheptane was mainly
cracked over Ni-Mo/HZSM-5 at low reaction temperature (<300°C),
and at high temperature n-heptane was mainly aromatization over the
catalyst. A few of olefin and naphthene were detected in the products
of n-heptane over above tested catalysts, which can be thought of
reasonably as the intermediate products of the dehydrogenation and
dehydrocyclization processes.
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Figure 4. Products distribution from n-heptane over Ni-Mo/HZSM-5
with different reaction temperature. Hydrogen pressure, 0.2MPa,
H,/feed ratio, 150, LHSV, 2h!
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Table 1. Products Selectivity from n-heptane over Different
Catalysts

Catalysts HZSM-5 Mo Ni Ni-Mo
Conversion,% 90.2 95.7 91.8 96.4
Selectivity, %
Aromatics 25.53 28.71 45.51 54.89
Cé6 2.44 2.20 4.50 3.88
Cc7 9.19 10.66 17.67 22.10
C8 9.73 11.30 17.20 21.60
c9 3.50 4.02 4.37 5.55
C10+ 0.66 0.54 1.77 1.76
Iso-paraffin 37.22 36.41 27.78 19.43
C4 11.56 6.30 6.33 3.75
C5 17.13 15.05 11.18 7.10
Cé6 6.23 8.69 5.33 4.63
C7+ 2.3 6.38 4.96 3.95
Naphthene  2.67 2.49 2.39 4.39
Ccé6 0.62 0.10 0.40 0.88
Cc7 1.55 2.19 1.36 2.70
C8 0.12 0.05 0.11 0.24
Cc9 0.00 0.00 0.00 0.04
C10+ 0.38 0.15 0.52 0.53
Olefin 1.23 0.78 1.18 2.39
Cc4 0.19 0.41 0.09 0.19
C5 0.24 0.32 0.18 0.39
Ccé6 0.34 0.05 0.32 0.85
C7+ 0.47 0 0.59 0.97
Paraffin 33.13 29.54 20.15 16.20
C3 2.71 1.39 3.00 2.23
Cc4 20.63 12.55 10.68 6.91
C5 8.07 12.87 4.89 5.40
Cc6 1.72 2.73 1.58 1.57
C7+ 0.00 0.00 0.00 0.10
Unidentified  0.22 2.06 2.99 2.70

Hydrogen pressure, 0.2MPa, H,/feed ratio, 150, and LHSV, 2hT

Conclusions

The reaction of n-heptane over Ni/HZSM-5, Mo/HZSM-5 and
Ni-Mo/HZSM-5 bifunctional catalysts was mainly Low hydrogen
pressure can reduce the conversion of n-heptane but at the same time
accelerate the production of aromatics. Experimental results show
that the aromatization activity of the catalysts increases with the
elevation of the reaction temperature and the incorporation of metal
in HZSM-5 decreases the cracking reaction on the catalysts, while at
the same time increases the reactions that may result in the

production of  aromatics, ie. dehydrogenation and
dehydrocyclization.
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INTRODUCTION

Since the early 1980s, slurry-bed hydrocracking of residue has
been developed for upgrading poor-quality residue, which may be
high content of sulfur, metal and Conrason carbon residue, to produce
distillate product(1). Conventionally slurry bed hydrocracking of
residue is achieved by once-through heating residue in a high-
pressure hydrogen atmosphere in the presence of a dispersed and
disposable catalyst (2). However, once-through hydrocracking mode
dependent on different reaction conditions can give 60%~80 %
conversion (<524°C). To achieve higher conversion of residue and
keep coke formation low and the operation successful at the same
time, some hydrocracking modes can be adopted such as cracked
vacuum residue recycling, cracked atmospheric residue recycling and
cracked vacuum gas oil recycling. Generally cracked atmospheric
residue recycling model can achieve higher conversion and get more
distillate products than the other three models at the same reaction
conditions. The objective of this study is to investigate chemical
structure change of cracked atmospheric residue recycling from
slurry-bed hydrocracking and to evaluate the subfractions change in
the cracked atmospheric residue recycling.

EXPERIMENTAL

The feed was chosen as Karamay atmospheric residue and
obtained from Karamay Petrochemical Complex, Xingjiang, China.
The property of Karamay atmospheric residue (>360°C) and its
vacuum residue (>500°C) was presented in Table 1. Keeping the total
VSHL is 1h"!, Karamay atmospheric residue was hydrocracked in the
presence of about 1000 ppm multi-metal dispersed catalyst, under
10MPa H,, 445 °C,in an pilot plant of 120 kg/d and the products were
fractionated into gases, naphtha (Cs~180°C), AGO (180~360 °C) and
atmospheric bottom residue (>360°C). Some atmospheric bottom
residue (about 5wt%) was thrown off, and the other atmospheric
bottom residue was pumped back intermittently and mixed with the
fresh feed for recycled hydrocracking (the ratio is 1:1). Thus we can
obtain non-recycled atmospheric bottom residue, which is the once-
through atmospheric bottom residue (ABR#), the first-time recycled
atmospheric bottom residue (first-ABR), the second-time recycled
atmospheric bottom residue (Sec-ABR), the third-time recycled
atmospheric bottom residue (Third-ABR). The atmospheric bottom
residues(>360°C) were distillated into the corresponding vacuum
bottom residues(>500°C), which include fresh VBR(VBR), the once-
through vacuum bottom residue (VBR#), the first-time recycled
vacuum bottom residue(first-VBR), the second -time recycled
vacuum bottom residue(Sec-VBR), the third-time recycled vacuum
bottom residue(Third-VBR) and these VBRs were precipitated using
n-pentane. The pentane-solubles were separated into fraction 1
(mixture of saturates, light and middle aromatics), fraction 2 (heavy
aromatics), fraction 3(light resins), fraction 4 (middle resins) and
fraction 5 (heavy resins) by the alumina chromatography column
with 5% water. The separation scheme is shown in Figurel. The

contents of H, C and average molecular weights of all subfractions
were determined by Shimazsu Element Analyzer and Knauer
analyzer by VPO, respectively. Structural parameters of fractions for
all VBRs were calculated based on Density Method and the
calculation program was shown in the appendix (2).

Table 1. Properties of Karamay atmospheric residue and
Karamay Vacuum Residue

Sample AR VR
Density, d,” 0.9442 0.9613

Viscosity (100°C), mm?s™ 109 1115
Molecular weight (VPO) 470 950
CCR, wt% 7.0 11.0

C, wt% 86.6 87.1

H, wt% 12.5 11.9

H/C atomic Ratio 1.73 1.62

N, wt% 0.13 0.63

S, wt% 0.13 0.24

Ni, ug-g” 11.8 21.6
V,ugg’ 0.35 0.65

Ca, ugg" 346 460

Fe, ug-g’ 10.2 20.4
Saturate wt% 50.4 353
Aromatic 222 25.6

Resin 27.2 383

n-C; Insoluble 0.2 0.8

Residue

(:Pentane Asphaltene :.

FPentane Soluble

Meutral Ahamina
Chromatograpia
(50 wrater)

|
Benzmenes/Ethanol
1:17
FE. FPE./Benzene P E/Benzene Benzene EBenzene
(E25:15)
Ethanol
B [F= ] [Fa] [ Fs]

Mote: F.E . —--Fetrolemrn Ether
Figurel Separation of six subfractions in residue

RESULTS AND DISCUSSION

Change of Six Fraction Yields. From Table2, it is clear that the
VGO and vacuum bottom residue yields of AR have been greatly
changed after slurry-bed hydrocracking. Before reaction, VGO and
VBR in Karamay atmospheric residue were 41.02%, 58.98% and
after hydrocracking, they were 61.77%, 38.23%. When cracked
atmospheric  residue  was  recycled from  slurry  bed
hydrocracking(recycling ratio 1:1) , the decrease of VGO in AR and
the increase of VBRs depended on different recycling times. The
more recycling times were, the less yields of VGO were and the more
yield of VBRs were. It shows that the recycled AR is the more
refractory with the recycling times.
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Tables 2 yields for different recycle times of VGO and
vacuum bottom residue

VGOW /%) VBR(W /%)
ABR 41.02 58.98
ABR# 61.77 38.23
First- recycled ABR 58.31 41.69
Second- recycled ABR 55.71 44.29
Third- recycled ABR 31.92 68.08

Tables 3 Subfractions yields for feed and different

times recycled VBRs
First- Sec- | Third-
VBR | VBR# | ypr | vBr | vBR
FIOV /%) 5453 | 42.58 | 42.00 | 41.84 | 41.47
F207 /%) 998 | 927 | 964 | 9.10 | 8.77
F307 /%) 13.08 | 1327 | 13.76 ]| 13.83 | 12.80
a0 /%) 726 | 613 | 640 | 720 | 7.29
F507 /%) 842 | 665 | 598 | 695 | 6.18
Fo(7 /%) 6.55 | 22.11 | 22.12 | 21.08 | 18.88
Coke(W /%) 0| 180 | 245 | 289 | 457
FIoF207 /%) | 61.51 | 51.85 | 51.67 | 50.04 | 50.24
F3+F/‘§/5F S 2806 | 26.05 | 2614 | 2798 | 2627

From Table3, it is clear that the yields of six sub fractions in
fresh vacuum residue and residues from once-through operation and
the recycling-operation have been changed, although FI1+F2
(saturates and aromatics) was the main fraction of fresh VBR and
hydrocracked VBRs. Among six sub fractions, F1 and F6 have
considerably changed after slurry-bed hydrocracking, On the one
hand, F1 in VBR decreased sharply, while F6 and coke increased
sharply. On the other hand, with recycling-operation times
increasing, the yields of six fractions in recycled VBRs have changed
smooth. It is clear that the biggest change happened in the once-
through hydrocracking operation. It is shown that it is in the first time
hydrocracking process (the once-through hydrocracking process) that
the cracking and condensation reaction of fresh feed was the most
obvious in all processes. Although the increasing cracking yields
could be achieved through recycling operation of cracked
atmospheric residue, increasing degree of that was limited since
cracking reaction of ABR had almost been finished. On the contrary,
the degree of increasing of condensation reaction was very clear
depended on the recycling-operation times.

H/C and average molecular weight of six fraction. From Table 4,
H/C of six subfractions for feed and different times recycled VBR
show different change. H/C of F1 hardly changed and the H/C of F2,
F3, F4 and F5 decreased a little. However, H/C of F6 decreased
sharply. Tables 5 give out the average molecular weight (VPO) of six
subfractions for feed and different times recycled vacuum bottom
residue. It is obvious that average molecular weight of all six
subfractions decreased after once-through hydrocracking and
different ABR recycling times hydrocracking. Among six
subfractions, the decreasing trends of F6, F5 and F4 were very clear,
especially for F6. It is shown that in the hydrocracking and different
cracked ABR recycling hydrocracking, the moleculars of six
subfractions have experienced different degree cracking reactions. On
the other hand, the more complex molecular (F6, F5 and F4) have
gone through the more considerable cracking reactions. In addition,
the de-aggregation reaction of Cs-asphaltene can be important in the

hydrocracking based on the three-time sharp change of average
molecular weight before and after once -through reaction.

Tables 4 H/C of fractions for feed and different
times recycled VBRs

First- Sec- Third-
H/C VBR | VBR# VBR VBR VBR
F1 1.76 1.75 1.72 1.73 1.76
F2 1.51 1.43 1.31 1.31 1.35
F3 1.49 1.27 1.16 1.17 1.19
F4 1.44 1.28 1.23 1.17 1.19
F5 1.41 1.43 1.34 1.32 1.28
F6 1.38 0.88 0.84 0.83 0.86

Tables 5 Average molecular weight (VPO) of fractions for VBR
and different-time recycled VBRs

First- Sec- Third-

VBR VBR# VBR VBR VBR
Fl1 730 682 637 614 608
F2 880 718 549 518 550
F3 1160 871 781 708 704
F4 1485 988 894 695 699
F5 1484 791 733 798 909
F6 7879 2545 2247 2330 1684

Structural parameters of subfractions for VBR and different-
time recycled VBRs. From Table 6-9, Structural parameters of
fractions for VBR and different-time recycled VBR have different
degree change in the once-through hydrocracking and recycled
hydrocracking process. After once-through hydrocracking, structural
parameters including Condesation Index, aromaticty, Cr, Cp, Ra, Ry
of six fractions have changed greatly compared to the corresponding
of feed. Then after ABR recycling hydrocracking, structural
parameters of six fractions have changed smooth deepened on the
recycling times and the changing trend show Condesation Index,
aromaticty, Ct, Ca, Ra, Ry of six fractions have more change to a
smooth limit while more recycling times go on. It is shown that the
substantial chemical structure change happened in the first
hydrocracking. For F¢, Fs and F,, the important change can be more
obvious

CONCLUSION:

1. Saturates and aromatics were the main subfractions of fresh VBR
and all hydrocracked VBRs

2. Structural parameters of six fractions after once-through
hydrocracking have changed greatly compared to the
corresponding of feed. It is shown that the substantial chemical
structure change happened in the first-time hydrocracking.

3. Structural parameters of six fractions have changed smooth
deepened on the recycling times. After different times recycling
hydrocracking, the average molecular weights of six subfractions
decrease and the content of saturates decreases obviously, while
asphaltene and resins increase sharply, C/H, aromaticity and
Condensation Index of the asphaltene increase.
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Tables 6 Structural parameters of fractions for VBR and different-time recycled VBRs

F1 F2 F3 F4 F5 F6
VBR Conden. Index 0.136 0.217 0.223 0.240 0.242 0.245
Cr 47.0 63.7 84.4 107.0 104.7 528.6
Ca 4.9 17.4 24.2 34.5 36.2 198.0
Ry 4.2 7.9 10 14 14 65.8
R 0.7 3.9 5.6 8.1 8.5 49.0
Ry 3.5 4.0 4.8 5.5 5.1 16.8
VBR# Conden. Index 0.140 0.242 0.281 0.278 0.229 0.360
Cr 49.0 52.8 64.3 71.9 51.7 184.8
(ON 5.6 17.6 28.6 31.8 17.4 141.1
Ry 4.4 7.4 10.0 11.0 6.9 34.3
R 0.9 3.9 6.7 7.4 3.8 34.8
Ry 3.6 3.5 34 3.6 3.1 -0.5
First-times Conden. Index 0.149 0.271 0.308 0.288 0.259 0.371
recycled VBR | ¢, 46.0 40.5 57.9 64.7 50.7 166.5
Ca 6.0 16.8 30.8 30.8 20.5 132
Ry 4.4 6.5 9.9 10 7.6 31.9
Ra 1.0 3.7 7.2 7.2 4.6 32.5
Ry 3.4 2.8 2.7 3.1 2.9 -0.7
Second-times | Conden. Index 0.146 0.273 0.306 0.302 0.265 0.372
recycled VBR | C; 44 .4 38.2 52.6 50.32 56.0 172.3
Ca 5.5 16.1 27.5 26.4 23.4 138.0
Ry 4.2 6.2 9.0 8.6 8.4 33.0
R 0.9 3.5 6.4 6.1 5.3 34.0
Ry 3.4 2.7 2.7 2.5 3.1 -1.0
Third-times Conden. Index 0.136 0.263 0.302 0.300 0.275 0.368
recycled VBR | Cp 43.7 40.6 52.3 51.1 64.3 125.1
(ON 4.6 15.8 26.6 26.2 28.6 97.1
Ry 4.0 6.3 8.9 8.7 9.8 24.0
R 0.6 3.5 6.2 6.0 6.6 23.8
Ry 3.3 2.9 2.7 2.6 32 0.2

Tables 7 Aromacity of subfractions for VBR and different-time recycled VBRs

. Third-
f, (%) VBR VBR# First-VBR Sec-VBR VBR
Fl 10.37 11.28 12.96 12.41 10.51
F2 27.33 33.34 41.5 42.12 38.97
F3 28.69 44.51 53.24 52.32 50.87
F4 32.19 44.19 47.7 52.6 51.23
F5 34.56 33.6 40.42 41.74 44.56
F6 37.45 76.36 79.34 80.13 77.61
Tables8 Ry of subfractions for VBR and different-time recycled VBRs
Ry VBR VBR# First-VBR Sec-VBR Third-VBR
F1 4.2 4.4 4.4 4.2 4.0
F2 7.9 7.4 6.5 6.2 6.3
F3 10.0 10.0 9.9 9.0 8.9
F4 14.0 11.0 10 8.6 8.7
F5 14.0 6.9 7.6 8.4 9.8
F6 65.8 34.3 31.9 33.0 24.0
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Tables9 R, of subfractions for VBR and different-time recycled VBRs

R VBR VBR# First-VBR Sec-VBR Third-VBR
F1 0.7 0.9 1.0 0.9 0.6

F2 3.9 3.9 3.7 3.5 3.5

F3 5.6 6.7 7.2 6.4 6.2

F4 8.1 7.4 7.2 6.1 6.0

F5 8.5 3.8 4.6 5.3 6.6

F6 49.0 34.8 32.5 34.0 23.8

Appendix:

Density Method for calculating structural parameters of subfractions in residue is as follows:

1.Relative density:

2.Ratio of H/C atom:

3.Mc/d:

4.Corrected Mc/d:

5.Aromaticity in an average molecular:
6.Condesation Index in an average molecular:

7.Total carbon atom in an average molecular:

8.Aromatic carbon atom in an average molecular:

9.Total rings in an average molecular:
10.Aromatic rings in an average molecular:

11.naphthenic rings in an average molecular:

Note: M refers to average molecular weight

D,*°=1.4673-0.04.31x H%

H/C =11.92xH%/C%
Mc/d=Mc/( D% x C%)
(Mc/d)e= Mc/d-6.0(1- C % - H%)/ C %
fa=0.09(Mc/d)c-1.15 H/C +0.77
C.I=2-H/C-fa

Cr=( C %xM)/12.01

C,=Cp xfa
R=[Cx(C.D)/2]+1

RA=(C, -2)/4

Ry=Rr-Ry
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INTRODUCTION

The use of oil-soluble metal compounds to enhance the
distillate yield and to reduce coke formation has been studied
extensively in the hydrocracking of poor-quality heavy residue,
which often have high contents of sulfur, nitrogen, metal, asphaltene
and CCR (1). Such compounds are based on the transition metals,
like Mo, Ni, Co, W, Cr, V, Fe, Cu, Zn and so on. It is clear and
important that the corresponding metal sulfide, such as MoS,, NigS,
CoS, Fe|x S and so on can be the activation catalysts in the slurry-
bed hydrocracking of heavy oil (2). On the other hand, it is well
known and of great industrial importance that the addition of a
second transition metal Co or Ni to a binary sulfide such as MoS, or
WS, can produce an enhancement of HDS activity (3). Some
researchers also transplanted the promoters of Co, Ni or Fe into the
dispersed Mo catalytic hydrocracking system of poor-quality heavy
residue considering the addition of promoter can decrease the cost
of the disposable catalysts and they found that Ni-Mo, Co-Mo and
Fe-Mo show very clear enhancement of hydrocracking activity
compared to monometallic dispersed catalyst (4-6). The reason is
attributed to the better dispersion effect or synergism effect like the
supported catalysts such as Mo-Ni (Fe)/Al,O; in the slurry-phase
hydrocracking system. As the promoters, we are very interested in
the performance of bimetallic catalysts of Co and Ni in the
hydrocracking system.

Hydrogen donor in petroleum chemistry can be classified into
three kinds in a broad sense. That is the hydrogen donors can
produce anionic hydrogen, radical hydrogen and molecular
hydrogen, which include complex hydride (such as LiAlH, and
NaBH,), poly-ring hydroaromatics and gaseous hydrogen and water
gas (CO+H,+CO,+H;0). In a narrow sense, hydrogen donor
indicates those poly-ring hydroaromatics that have incompact C-H
bondage and the typical hydrogen donors are tetralin,
dihydroanthrancene and so on. Since these compounds can provide
radical hydrogen reacted with hydrogen-acceptors, when heated
together with them, thus hydrogen donors have often been applied
into coal liquefaction, petroleum residue conversion, transportation
fuel and other petroleum chemicals as hydrogen shuttle, hydrogen-
transferor and radical scavenger based on their important roles (7).

In the paper we investigated and evaluated the application of
bimetallic oil-soluble catalysts and the combination of bimetallic
oil-soluble catalysts and hydrogen donors in the slurry-phase
catalytic hydrocracking of LiaoHe vacuum residue.

EXPERINENTAL

The naphthenic-base LiaoHe vacuum residue (LHVR) was
upgraded and the main properties were reported in Table 1. The
experiments were carried out in a 100ml FDW-01 magnetic-stirred
autoclave and LiaoHe vacuum residue was upgraded with two kinds
of oil-soluble monometallic catalysts cobalt naphthenic and nickel
naphthenic as hydrocracking dispersed catalyst, and tetralin (THN)
as hydrogen donor. The experimental procedure was as follows: 34g
residue blended with 200ug/g Co-naph or Ni-naph or their mixture

of the Co-naph and Ni-naph and 3.4g tetralin (THN) was placed in
the autoclave, pressurized hydrogen to 7.0Mpa, heated to reaction
temperature 436 °C and then maintain it smoothly. The autoclave
was cooled with water quickly when defined reaction time 1h was
achieved. After reaction, the products were recovered with toluene.
The toluene-insoluble (TI or coke) was separated from the reaction
product by centrifugation. The toluene-soluble was treated to
remove toluene and the products were distillated into AGO
(160~350 °C), VGO (350 ~450°C) and reacted residue (>450°C).
The amounts of naphthalene and tetrahydronaphthalene were
analysed by GC.

RESULTS AND DISCUSSION

Comparison of hydrothermal, catalytic hydrocrcking system
and hydrothermal system with hydrogen donors. In order to
make a comparison of catalytic activities between the Ni-based oil-
soluble monometallic catalyst and Co-based oil-soluble
monometallic catalyst used in LiaoHe vacuum residue
hydrocracking processes, the same concentrations of these two
kinds of catalysts were separately used in the hydrocracking
experients, while the hydrothermal and hydrothermal in the
presence of 10%wt tetrlin based on feed were also conducted as
comparison, the results are listed in Table 2.Both of the
monometallic catalysts and tetralin could suppress coke formation
and cracking reations in comparison with hydrothermal cracking
system without adding catalysts and H-donor and the effects of the
two oil-soluble catalysts were more clear than that of tetralin.
However, the Co-based oil-soluble catalyst gave lower total
conversion yield than the Ni-based oil-soluble catalyst did. The
former produced higher conversion per unit coke than the latter did.
The conversion per unit coke was 23.60% for the Co-based oil-
soluble catalyst, 18.02%for Ni-based oil-soluble catalyst and 9.11%
for tetralin, 6.66% for hydrothermal cracking.

Table 1 Composition and properties of LHVR

Molecular weight, (VPO) 870 v, ug/g 29
Density/g/cm’ (20°C) 0.9976 Ni, ug/g 123
Saturates 17.4 C,m% 86.9
Aromatics 30.3 H,m% 11.0
Resins 50.2 N,ug/g 10800
Cs-asphaltene 2.1 S,ug/g 4300
Total metal content,jig/g 259 CCR, % 14.4

Catalytic hydrocracking of LHVR by using oil-soluble Ni- Co
bimetallic catalysts. As shown in Table 3, the combined
employment of Ni-based oil-soluble catalyst and Co-based oil-
soluble catalyst seems to produce slight synergetic effect on the
coke inhibition. With 200ng/g Co-based oil-soluble catalyst and 200
ng/g Ni-based oil-soluble catalyst, the coke yield was 2.39% and
3.34%, respectively; and conversion was 56.40% and 60.21%,
respectively. With 100 pg/g Co and 100 pg/g Ni bimetallic
catalysts, the coke yield and conversion were 2.71% and 59.00%,
which were nearly simple mathematical addition of corresponding
yields.

As the promoters of a second transition metal Co or Ni to a
binary sulfide such as MoS, or WS, of HDS catalyst, the addition of
the promoters can produce a great enhancement of HDS(3). As the
promoters of Co, Ni or Fe in the dispersed Mo catalytic
hydrocracking system of residue, the improvement is also
considerable(4-6). But the combination effect between Ni and Co
was very slight so that it is reasonable that the combination of Ni-
Co oil-soluble bimetallic catalysts could produce__simple
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mathematical addition effect on the coke inhibition, residue
conversion and conversion per unit coke in the upgrading residue,
which was different from the clear and traditional synergism
between Mo and Co or Mo and Ni in the HDS systems.

Catalytic hydrocracking of LHVR by using oil-soluble Ni-Co
bimetallic catalysts and Tetralin. The authors have studied the
synergism between hydrogen donors and Mo, Ni, Co and Fe
dispersed monometallic catalysts in the literature (8,9). The
activities of the four pure oil-soluble catalysts were improved based
on conversion per unit coke, especially the activity of Mo gave a
large leap with a combinatin with tetralin, however the order of
catalyst activities did not changed. The combination of
monometallic catalysts and tetralin could effectively inhibit coke
formation and yield a good upgrading of LHVR (8,9).

The upgrading results of catalytic hydrocracking of LHVR
with oil-soluble Ni-Co bimetallic catalysts and tetralin were listed in
Table 4, in which the upgrading results with pure Ni-Co bimetallic
catalysts or pure tetralin were also listed as comparison. Table 4
shows more coke generated in the cracking of residue with pure H-
donor or pure dispersed Ni-Co bimetallic catalysts. However, H-
donor combined with dispersed bimetallic catalyst could improve
upgrading results of LHVR than with pure H-donor or pure Ni-Co
bimetallic catalysts. The synergism between hydrogen donor and
dispersed Ni-Co bimetallic catalyst in hydrocracking conversion of
LHVR was the same clear as that between dispersed monometallic
catalysts and H-donors according to the value of conversion per unit
coke. It is clear that synergism between hydrogen donor and
dispersed Ni-Co bimetallic catalysts was important to upgrading of
heavy residue.

CONCLUSION

1. Compared with hydrothermal cracking, the addition of
dispersed monometallic catalysts or hydrogen donor can improve
upgrading of vacuum residue.

2. The combination of Ni-Co oil-soluble bimetallic catalysts
produces simple mathematical addition effect on the coke inhibition
and residue conversion in the upgrading residue, which was
different from the clear and traditional synergism Mo and Co or Mo
and Ni in the HDS systems.

3. It is clear that there is synergism between dispersed Ni-Co
bimetallic catalyst and hydrogen donor in LHVR cracking
conversion and the synergism helped to effectively inhibit coke
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Table 2 Hydrocracking of LHVR with oil-soluble monometallic catalysts or tetralin

Reaction system Product distribution /wt% Conversion Conversion
<350°C 350~450°C >450°C coke wt% per unit coke
Blank 45.77 19.43 25.61 9.79 65.20 6.66
THN (10%wt) 41.54 22.36 29.06 7.02 63.92 9.11
Ninaph (200ug/g) 35.25 25.96 35.45 3.34 60.21 18.02
Conaph (200ug/g) 26.70 29.70 41.21 2.39 56.40 23.60
Table 3 Catalytic hydrocracking of LHVR by using oil-soluble Ni-Co bimetallic catalysts
Catalysts, ug/g Product distribution/wt% Conversion Conversion
Conaph Ninaph <350°C 350~450°C >450°C coke wt% per unit coke
200 0 26.70 29.70 41.21 2.39 56.40 23.60
180 20 28.36 28.94 40.50 2.40 57.30 23.87
160 40 30.95 27.25 39.29 2.51 58.20 23.19
100 100 32.80 26.21 38.09 2.71 59.00 22.60
40 160 33.18 26.32 37.51 2.99 59.50 19.90
0 200 35.25 25.96 35.45 3.34 60.21 18.02

Table 4 Catalytic hydrocracking of LHVR by usin

oil-soluble Ni-Co bimetallic catalysts and tetralin

Catalysts, ug/g Tetralin Coke Conversion Conversion Donating yield of
Conaph Ninaph Iwt% Iwt% per unit coke tetralin /wt%
0 0 0 9.79 65.20 6.66 ---
10 7.02 63.92 9.11 84.23
200 0 0 2.39 56.40 23.60 --
10 1.39 54.98 39.55 25.32
160 40 0 2.51 58.20 23.19 --
10 1.59 56.00 35.22 27.10
100 100 0 2.61 59.00 22.61 --
10 1.73 57.42 33.19 29.33
40 160 0 2.99 59.50 19.90 --
10 1.93 57.91 30.00 32.00
0 200 0 3.34 61.21 18.33 --
10 2.29 59.35 25.92 34.86
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