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CHALLENGES'INTHE PROCESSING OF PETROLEUM SUPPLEMENTS
: by . :
George Richard Hill
bollege of Mines & Mineral Industries
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Salt Lake City, Utah

Research and development work in the conversion of coal, of the
kerogen in oil shale, and of the tar from bituminous sands to petroleum
supplements has been a periodic phenomenon in the United States.

During each perlod of intense effort major technical 1mprovements
have been made. Current research efforts have succeeded in bringing
the cost of gasoline from these supplemental hydrocarbons much closer
to the cost of gasoline from petroleum. One of the important factors
which brings the cost closer is the -increased cost of discovering

and producing new 'petroleum reserves. Large scale commercial util-
ization of petroleum supplements will occur when the cost curves meet.

Historically, coal conversion research has been done largely by
chemists and engineers employed in the coal industry, in government
research laboratories or in research institutes. Only within the
last few years has the petroleum industry seriously committed itself
to studying production of liquids from coal, o0il shale and bituminous
sand. Earlier work in the petroleum research and development labora-
tories had been concentrated on petroleum feed stocks whose character
is quite different from the liquids obtained from perlySlS of other

“hydrocarbons.

Differentes between the more familiar. petroleum and the liguids
produced from coal, oil shale and bituminous sands lie in the areas
of; (1) oil composition, (2) the analytical techniques used in
characterizing each material, (3) associated minerals, and (4) varia-
tions due to processing.

OIL COMPOSITION

Between the time of initial formation of petroleum and its
migrating to and being trapped in the structure from which it is
produced, any thermodynamically unstable molecules have undergone
reaction or have been adsorbed or filtered from the bulk of the
stable hydrocarbon constituting the final, presently produced petro-
leum. The liquids obtained from perlYSlS of coal, oil shale, and
to a lesser degree, tar sands, on the other hand contain many very
reactive hydrocarbons and heterocyclic compounds. The properties of
the liquids produced during pyrolysis change appreciably over very
short time periods due probably to condensation and polymerization
reactions. This has been observed by many research groups who have
noted that an initially light colored, very fluid, low pour point
product from pyrolysis of oil shale or of coal darkens during the
first few hours after distillation. .
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Both the pour point of the liquid and the viscosity increase noticeably
after its production. Preliminary work in our laboratory indicates - \
that the changes that occur are very sensitive to the presence of

oxygen. They are apparently not photosensitive as had been earlier

assumed. Nonetheless the changes are marked and will require either = ™
rapid subsequent processing of the liquid or a stabilization step
to prevent the decrease in quality of the petroleum supplement. \

ANALYTICAL TECHNIQUES

Another difference that petroleum refinery scientists and engineers
must become aware of lies in the different types of analyses that
have been developed for each of the potential petroleum substitutes.

Coal traditicnally is characterized by "proximate analysis" and ‘\
by "ultimate analysis". The proximate analysis comprises determirna-
tions of moisture, volatile matter, ash, and fixed carbon (the last
by difference). With it is usually included a determination of sulfur
and sometimes phosphorus. While the proximate analysis -is the most
widely used method for analyzing coals it is of little value in predicting,
convertibility of the coal to a petroleum supplement. Ultimate analyses
are elemental analyses and take much longer to .perform than the prox-
imate analysis. Considerable technical skill is reguired and this
analysis has not usually been done in coal plant operations.

Table 1. CHEMICAL COMPOSITION OF SOME COALS AND PETROLEUM |

Medium High High - 1
volatile volatile wvolatile Petroleum J
Anthracite bit. A bit. B bit. Lignite Crude
c  93.7 88.4 84.5 80.3 72.7 83-87 .
) Y
H 2.4 5.0 5.6 5.5 . 4.2 11-14
0 2.4 4.1 7.0 11.1 21.3 "
N 0.9 1.7 1.6 1.9 1.2 0.2
S 0.6 0.8 1.3 1.2 0.6 1.0
H/C 0.31 0.67 0.79 -  0.82 0.69 1.76 h
atom :
ratio

Coal analysis on moisture and ash-free basis.
Ash content of coal 3 to 15%

G. Alex Mills, Industrial and Engineering -Chemistry, vol. 61, No. 7,
July 1969. :
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Table 1 gives the ultimate analyses and hydrogen to carbon atom
ratio of some coals and of petroleum. From the table we note that
the hydrogen . content of those coals most suitable for conversion inte
petroleum supplement by hydrogenation distillation, namely high volatile
bituminous coals is in the range 5.5 percent. Petroleum on the other
hand will contain from 11-14 percent hydrogen. Distillates from coal
contain up to 9 percent hydrogen. Current technological methods
for producing liquids from coal are based on the concept that the

. hydrogen rich components should be distilled from the coal and used

as a petroleum supplement. The char or coke residue might better
be used as a fuel rather than attempting the difficult task of convert-
ing the whole coal to hydrocarbons. -

‘Table 2. HYDROGEN TO CARBON ATOM RATIO OF
) - PETROLEUM AND SUPPLEMENTS ‘
Matérial" ' H/C Atom Ratio
Texas Crude 1.55
Pennsylvania Crude 1.95
Bituminous Tar 1.75
Shale 0il 1.438
Coal Tar 1.32
Benzene 1.00
Toluene 1.14
Iso-octane ’ 2.25

In Table 2 are listed the hydrogen to carbon ratios of typical
petroleum supplements, of some pure hydrocarbons of value in gasoline,

., and of some Texas and Pennsylvania crude oils. Iso-octane has a

~

hydrogen to carbon ratio of 2.25; a typical Pennsylvania crude oil high
in paraffin content has a ratio of hydrogen to carbon of 1.95; a crude
oil from Texas has a hydrogen to carbon ratio of 1.55, a typical
bituminous tar has a ratio of 1.75, shale oil 1.48 .and a straight

coal tar distillate 1.32. The hydrogen to carbon atom ratio in a

high volatile bituminous coal is 0.82. Included in the table arc
benzene and toluene, major components of coal oils, which have a
hydrogen to carbon atomic ratio of 1.00 and 1.14.

There are two things of importance to note from these tables;
first, the significantly higher hydrogen content of oil from coal
compared to the original coal, and second, the hydrogen deficiencies
compared to. paraffinic crudes. )

One compensating factor to be kept in mind is that relatively
high percentages of the hydrocarbons in the coal liquid are aromatic.
The final hydrogen to carbon ratio of a gasoline from coal could
probably be in the range 1.4 to 1.5.
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Table 3. ULTIMATE ANALYSES ,\
Bituminous Tar Shale Oi; Coal Tar U
H 10.4 10.4 10.43 10.43 9.1 9.1
'C 83.3 6.94 84.12 7.01 82.0 - 6.83 \
N 0.96 0.07 1.83 0.13 0.8 0.057 N
0 1.2 0.075 2.63 0.16 7.2 . 0.45
S 4.7 0.147 - 1.02 0.032 0.9 0.03

o

Table 3 gives the ultimate analysis of a bituminous tar, a
shale oil, and a coal tar produced in University of Utah laboratories.
In processing each liguid hydrogen will be required to remove the
nitrogen, oxygen ‘and sulfur from the liquids in addition to that
required to incréase the hydrogen content of the hydrocarbon components.

Table 4. HYDROGENATION-DISTILLATION LIQUID
FROM HIGH VOLATILE B BITUMINOUS COAL

Specific gravity, 20°C ' 0.9946°
Sulfur 0.3214 wt.2
Nitrogen 0.5820 wt.%
Tar acids 20.0 vols

Distillation data

I.B.P. 75°¢C
Up to 200°C 20.0 vols

- ‘\ §
Up to 350°C : 72.0 vols

Hydrocarbon types in neutral oil

Up to 350°C

Saturates 46.0 vols

. AN
Olefins 6.0 vols
Aromatics 48.0 vol%

Table 4 gives a typical analysis of a liquid product from a
partially hydrotreated coal distillate including the hydrocarbon type
analysis in the liquid distilling below 3500 centigrade. It is noted
in this table that the bulk of the oxygen is present in tar acids which
constitute 20% of the liquid distillate. Forty-eight percent of the
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hydrocarbons in the neutral oil are aromatic.

The yield of liquid from coal or shale or tar sands depends
very much upon the process used.. This is also true of the quality
of the distillate. Because of the different approaches to coal
conversion, (1) straight carbonization pyrolysis, (2) hydrogenation-
distillation and (3) solvent extractions, no single predictive method
based on ASTM procedures is possible for determining the liquid
product yield. For oil shale there has been developed the Fischer
assay which gives the ?Y?rage yield of o0il under a prescribed pro-
cedure of distillation . In the Fischer assay, the oil yield is
that amount of distillate which results from the pyrolysis of the
higher molecular weight organic insoluble kerogen. Some hydrocarbons
and other organic type compounds remain in the shale after the dis-
tillation. Methods which differ from the Fischer assay technique
produce oils of very different ?uality and somewhat different quantity
than the usual shale oil (1:2,3J.

Due to the afore-mentioned instability of shale oil and oil
from coal the second distillation in a processing scheme generally
leaves a much greater carbon residue than is true with distillation
of petroleum feed stock. Ultimate product yield therefore cannot
be determined except by direct experimental measurement.

As the processed oils are up-graded, the data are reported
according to the methods used in the petroleum industry. For example,
pour point, viscosity and API gravity are regularly determined. It
is important to bear in mind that the numerical value of these three
properties will depend upon how quickly they are determined after
the preparation of the initial liquid distillate.

ASSOCIATED MINERALS

The initial instability and the presence of nitrogen, oxygen,
and sulfur compounds in larger amounts than in petroleum renders
the hydrogenation treatment of the liquid more difficult than the
comparable treatment of a petroleum oil fraction. Some work is now
being carried out and much more must be done of the development of
catalysts which will be as effective for shale oil and coal oil
upgrading as are-the catalysts currently being used in the petroleum
industry. In particular is this true in terms of sensitivity to
poisons present in the ash from coal or shale oil conversion. This
becomes evident if we compare the ash content of the raw material
feed stocks.

" A petroleum crude contains negligible ash. The ash content of
coal will range from 3 to 15 percent. The ash content of oil shale
ranges from 85-92 percent, the ash content of in situ bituminous
sand will range upward from 50 percent. Unfortunately many current
methods of producing liquid petroleum supplement from coal, oil shale
or tar sands carry over into the "hydrocarbon" stream as much as a
few percent of the mineral matter associated with the raw material.
The primary liquid therefore contains many times as much material
which will interfere with the operation of a catalytic conversion
process as does a petroleum fraction. It is therefore important for
the potential refiner to know of this mineral matter content and its
constitution. Different combinations of minerals are found in the
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fines carried overhead in the oil shale pyrolysis and in coal pyrolysis,
In addition to vanadium compounds there will frequently be significant
quantities of nickel, iron, and other transition metal compounds. The \
problems presented by the different kinds of contaminants are in no
way insurmountable but must be taken into account by potential processors s

of the supplemental feed stocks.

A possible plus in the area of mineral constituents 'is the cat-
alytic activity possessed by some components. This has been noted
particulary in the University of Utah laboratory in the high liquid
yields from Assam India Coal subjected to hydrogenation-distillation
with only the naturally occurring minerals present as catalysts.

The vanadium, nickle and iron contents of petroleum supplements
from different coals differs markedly and should be studied more \‘
1nten51vely to determine enhanced catalytic activity as well as catalyst
poisoning effects.

VARIATIONS DUE TO PROCESSING

The basic quality of the liquids produced from fossil fuels
other than petroleum varies tremendously depending upon the process
followed. The Bureau of Mines has given valuable input data on
several approaches and has carried out demonstration projects.

The Office of Coal Research has supported several coal conversion
projects through the pilot plant stage. Carbonization processes

like the COED process of FMC Corporation recovers the smallest volume
of hydrocarbon type liquids of the three types of processes currently
under investigation.

Solvent extraction processes like those of Consolidation Coal
and some petroleum companies give much higher liquid yields by extraction
with hydrogen donor solvents. Intermediate in liquid product yield |
are pressurized distillation processes in an hydrogen atomsphere. )
The HRI process and the method developed at the University of Utah \
use this approach. The quality of the liquid varies markedly depending
on the process used. : ’ :

-

Accompanylng the higher yield of the solvent extraction processes \
is an increase in the quantity of high molecular weight aromatic
ring clusters in the liquid product. New catalysts must be developed
to convert this portion of the liquid to gasoline range hydrocarbons
in good yield. Otherwise, the bulk of this portion ends up as carbon
residue.

Dr. G. Alex Mills of the Bureau of Mines has written an excell-
ent review paper on the conversion of coal to gasoline 4) to which
those interested in coal conversion processes and catalysts should
refer.

Bituminous sand processing is very analogous in many regards
to secondary recovery of heavy petroleum crudes. Various techniques
are used to separate the bituminous material from the sand, clay and
silt with which it is associated. The same possible processing
difficulties encountered in processing shale 0il and oil from coal
will be anticipated unless a preliminary cleaning process is utilized.
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That solid hydrocarbons can be converted into gasoline, diesei
fuel and other salable products economically has been demonstrated
during the past decade at the American Gilsonite Company oil refinery
at Fruita, Colorado. The feed stock to this refinery has been the
solid hydrocarbon, gilsonite, which is pipelined in a water slurry
from Bonanza, Utah to Fruita, Colorado. After separation from the
water the gilsonite is distilled in a primary coker. The liguid
distillate is then hydrotreated and converted into the gasoline and
diesel fuel used throughout the Grand Junction, Colorado market area.
Problems of ash content in the feed stock and of the different metal
compounds in the distillate have all been solved in the production
of the gasoline which has been marketed at equal or lower cost than
gasoline from conventional crude oils. There is no guestion about
the ability of petroleum research, development, and production teams
to utlllze the supplemental feed stocks from other hydrocarbon sources
as they become economic to use.
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A Synthetic Liquid Fuels Industry
Non-Technologic Factors

Harry Perry 1/

U.S. Department of the Interior
18th and C Streets, N.W.
Washington, D.C. 20240

I. Introduction

Commercial production of synthetic liquid fuels from tar sands, oil shale and
coal has been accomplished using each of these resources. Asphalt deposits occur-
ring at the surface, which are a specialized type of tar sand, were used as early
as biblical times in the Middle East countries. Based on tar sands, a plant with a
capacity of 45,000 barrels of oil per day was dedicated in September of 1967 by
Great Canadian 0il Sands Ltd. near Fort McMurray, Alberta, Canada, and is now in
operation. The earliest reported commercial production of liquid fuels from oil
shale was in France in 1839 but there were relatively large industries in Germany
and Scotland during the 1800's. Commercial production is still reported in the
U.S.8.R., Spain, Sweden, and China (mainland). Liquid products from .coal first
were produced as a by-product of coal carbonization and represented only 5% of the
original coal substance. Production of liquid products such as '"coal oil" for use
as a fuel for lamps was commercially practiced as early as the latter part of the
19th century. Large scale production of liquid fuels by direct hydrogenation of
coal started in 1926 in Germany. This was fallowed in 1933 by commercial production
of liquid products from the catalytic reaction of carbon monoxide and hydrogen
produced by gas manufactured from coal (the Fischer Tropsch process). Production in
Germany continued on a large scale until the end of World War II when the plants
were either destroyed or gradually converted to other uses. Relatively small scale
plants for converting coal to liquid products were operated in a number of other
countries during the period 1935 to 1960 but the only commercial synthetic liquid
fuel from coal plant now in operation is a Fischer Tropsch plant in South Africa.

I1I. ' U.S. Interest in Synthetic Liquid Fuels

Interest in synthetic liquid fuels in the U.S. has varied greatly since the
turn of the century. During and following World Wars I and II interest in alterna-
tives to liquid fuel from petroleum was at its highest peak because of shortages
that had occurred during the wars. The German commercial production from coal
during World War II which assisted that country to wage war was pointed to as evi-
dence for the need to establish a commercial industry in the U.S.-

Throughout nearly all of this century, except for the period following the
East and West Texas discoveries in the early 1920's and in 1930, there have been
repeated predictions that the U.S. would shortly "run out of oil'. These pre-
dictions have largely been based on the samll inventory (approximately 11 to 20
vears' supply) which the industry has traditionally maintained. A large inventory,
however, would be difficult to justify economically and until the last several
years the reserve to production ratio has remained relatively constant. However,
after many years of remaining nearly constant, the reserve to consumption ratio of
liquid hydrocarbons has declined sharply from 9.5 in 1965 to 7.5 in 1969. This has
been in part an indirect effect of the increased imports of crude petroleum and
residual fuel oil. Imports to the U.S. started shortly after World War II and in

1/ Mineral Resources Research Advisor, Assistant Secretary of Mineral Resources
Office
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spite of the oil import controls maintained on crude petroleum since 1959, for most
of the U.S. the amount of imported liquid fuels now represents 237 of domestic
liquid fuel consumption. '

Projections of energy demand to the year 2000 have been made by a number of
companies and organizations concerned with energy supply and demand. There is gen-
eral agreement that by the year 2000 our energy requirement will about double.
There is less uniformity in the projections about how much each of the energy

'sourbes (coal, oil, gas, uranium) will supply of this total. These projections,

moreover, were made before the full impact of the new public policy of maintaining
the quality of the environment could be factored into the projections. Low sulfur
residual fuel oil has already made significant inroads into coal's electric utility
markets on the east coast and it appears that residual will be used to replace
higher sulfur coals in other marketing areas also. Even without this new consider-
ation, liquid fuel demands were expected to increase by over 90% of 1969 consumption.
The demand between 1970 and 1985 is expected to be greater than all the oil pre-
viously produced in the U.S. '

Because of the declining reserve to consumption ratio and the projections for
a very large demand in the future, industry has shown great interest in the past 3
years in synthetics produced from any source. The discovery of what appears to be
a very large oil field in Alaska has apparently slowed research in synthetics as
the oil companies reexamine the supply situation and their other investment needs.
There remain major uncertainties with respect to the size of the Alaskan find as
well as how and at what cost it can be brought to U.S. markets. However, unless
the Alaskan discovery is much larger than even the most optimistic estimates that
have been made, the onset of a synthetic industry would only be delayed a few years.

III. The Need for Synthetics

The highly competitive nature of the energy industries, because of the substi-
tutability of energy sources at the point of use (for most purposes) and their
convertability from one form to another, requires that the entire energy spectrum
be examined if we are to evaluate the potential role of synthetics in the energy
economy. However, because liquid fuels are necessary under today's technologic
conditions for certain energy uses, it-is most important to examine the alternative
sources’ for crude oil.

The question, "Is there a need for synthetics?" can be answered in many ways.
If a shortage of liquid fuels develops, there are a variety of possible solutions.
Among the more obvious are: direct substitution of other, more abundant energy
sources for liquid fuels; increased imports; permitting the price of oil to rise;
development of improved technology for finding, producing and utilizing existing
and potential oil fields; increased exploration activity; and the production of
synthetics from oil shale, tar sands or coal. .

Selecting one or a combination of these alternatives requires considerable
study and analysis. It is easy, however, to set the major criteria which would
have to be met from a national viewpoint. These would include a secure, diversified
supply of liquid fuels at the lowest cost consistent with other national goals.

With today's technology, transportation is. the only end use for which liquid
fuels are indispensable. Even for transportation, it is possible to foresee changes
that would permit a high degree of substitution for liquid products. For example,
autos or planes using natural gas or a car using electricity could be used if there
was sufficient incentive. Widespread use of electric cars or electric trains would
permit the primary energy source to be any fossil or nuclear fuel.

Iv. Non;Technologic Factbrs

The technology for converting oil shale, tar sands and coal into an accept-
able substitute for crude oil and its products has been demonstrated on a commercial
scale and is currently being used in countries other than the U.S. A proven

i
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technology at prices competitive with crude petroleum is a necessary but not suf-
ficient prerequisite for the establishment of a synthetic liquid fuel industry. Many,
factors that influence both the price of crude petroleum and of synthetics will Y

affect the timing and the rate at which an industry will develop. '

N

1. Factors that affect competition from oil

Since synthetics would compete directly with crude oil, changes in any of the \\
laws, regulations, or state and Federal practices that affect the domestic price of
crude oil could have the greatest direct impact on a potential synthetics industry,

The most important of the institutional factors influencing crude oil prices are ™
the 0il Imports Program, the Federal depletion allowance, state prorationing prac-
tices, and Outer Continental Shelf and on-shore Federal leasing programs.

a. O0il Import Program - \
The 0il Import Program was created to promote a healthy domestic petroleum

industry by limiting imports of low-cost foreign oil. The Program was designed to

assure the Nation a secure petroleum supply and it has served to advance this pur-

pose. However, the cost has been high: Domestic oil sells for between 75¢ and

$1.25 per barrel above world prices or from 30 percent to 60 percent higher than

would otherwise prevail. The majority of the Cabinet Task Force on 0il Import

Control recommended to the President in February 1970 that in place of the oil

import quotas which had been in use, a tariff system be substituted with a three-

year phase out of the quota system. The basis for the recommendations was that

this would permit some liberalization of the Program but still be designed so that

indicated reserves of North America would be sufficient to meet 1980 production N

estimates. Adjustments in the tariff 'levels would be made to insure that this

goal was met. There was some support at the Cabinet level for a continuation of

quotas in some form rather than the tariff approach. The final decision with

respect to oil import controls is still to be made. y
Any changes in the 0il Import Program would have a major impact on the devel-

opment of synthetics. Increasing significantly the amount of imports would tend to

decrease crude oil prices, which in turn would require a competitive drop.in the {

price of synthetics, and this would reduce the return on plant investment. Since

synthetics plants are capital-intensive, even minor changes in the competitive

price of crude could have a major impact on their economics. -Any reduction of N\

domestic crude prices would delay the development of a synthetics industry with the

present state of conversion technology and the potential for reduction in costs by '

methods that have been proposed to improve that technology. N
If a quota system were continued, development of a commercial synthetics

industry would raise a question as to how the oil when it is refined would be

treated in determining the overall size of the oil import quota. If the oil were i

treated the same as domestic production of crude oil, a refinery would generate a

quota for the synthetics processed, and for a small refiner, this could be worth :

as much as 11¢ per barrel.l/ : \

b. The depletion allowance

The depletion allowance for crude oil and gas is now 22 percent. Because
of the high percentage of dry holes drilled in the search for oil, the allowance
has been justified by industry on the basis that the resulting tax savings are
needed to pay for exploration for new oil fields.

1/ The difference between the price of imported and domestic oil is about $1.25 in’
the East and each barrel of domestic oil used in a refinery generates .090
barrels of oil import quota. Thus $1.25 X .09 = 11¢/bbl.
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The o0il industry has urged repeatedly that oil from shale receive the same tax
treatment as crude oil, presumably because shale 0il would be in direct competitjon
with crude oil. Until this past year, the depletion allowance was 15 percent on the
value of the mined rock. At this rate, the allowance is equivalent to about 18 cents
per barrel of semirefined shale oil (before taxes). The 1969 Tax Act changed the
depletion allowance to 15 percent on the shale oil and this would be equivalent to
about 35 cents per barrel of shale oil at the retort. Depletion allowance on coal
is 10 percent on the mined coal and this is estimated to be worth about 15 cents
per barrel. Table 1 shows the effect on costs of various levels of depletion allow-
ance when taken on the mined raw material and on the liquid, refined to two levels
of quality.

¢. State prorationing

State prorationing practices were developed to conserve oil, i.e., to pre-
vent producing oil above the maximum efficient rate either for the purpose of recover-
ing an investment quickly or preventing drainage of oil from a deposit by adjacent
producers in the same field. Actually, however, prorationing practices have had the
effect of maintaining a stable price for crude oil. (Crude oil prices remained
relatively constant for a 10-year period, but started to climb in 1968 with a 3 cents
per barrel price rise followed by a 12 cents per barrel rise in 1969. .

If prorationing were stopped, at least in the initial stage of development of
synthetics, the synthetic industry might be adversely affected because crude prices
would be expected to drop. This, ir turn, would eliminate the high cost marginal
wells, and as a result at some later time prices might tend to rise.

As long as the synthetic industry remained relatively small, the impact on
those states practicing prorationing would be small, but as the productive capacity
became significant some method would have to be developed to accommodate synthetics
to the crude oil.

d. Federal leasing policies

If synthetics become competitive at present domestic prices of crude oil,
interest in leasing of Federal o0il and gas lands could be expected to decline. Since
Outer Continental Shelf leasing is generally believed to offer more favorable oppor-
tunities for discovery, it would be affected less than on-shore leases. Nevertheless,
the large amounts of capital required for synthetics plants might reduce interest in
the Quter Continental Shelf and reduce the amounts of the bonus bids. TIf on the
other hand, before the first synthetics plant was constructed a large number of
favorable tracts on the Outer Continental Shelf were offered at frequent intervals,
and if the drilling proved successful, the development of synthetics could be fur-
ther delayed. There is already some evidence that the discovery of large petroleum
resources in Northern Alaska has changed to some extent the planned timetable for
synthetic fuels development by some o0il companies.

2. Fac¢tors that affect conversion of oil shale to shale oil
a. Title clearance

Approximately 28 percent of the total oil shale acreage is in private
ownership, but this contains only a little over 20 percent of the shale oil. Nearly
80 percent of the Federal lands have clouded title, consisting of 36,000 oil shale
claims made before 1920 and 16,000 additional claims for various other materials
filed since that date.

The pre-1920 claims, i.e., those made before passage of the Mineral Leasing
Act, were made under conditions that permitted location and patenting of oil shale
deposits. 1In 1964 several test cases were initiated to establish a set of legal
principles for judging the validity of the pre-1920 claims. Hearings on these
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issues before a hearing examiner of the Bureau of Land Management have been concluded. \
If a decision adverse to the claimant is issued, an appeal probably will be taken to

the Secretary and then to the courts. At best, the issues cannot finally be resolved
for several years. -

The oil shale lands were withdrawn in 1930 and except for the three test leases
recently offered, remain withdrawn. However, the passage of the Multiple Mineral
Development Act of 1954 permitted the location of deposits of metalliferous minerals
on oil shale lands. There were 5,200 claims filed on the o0il shale lands in 1966,
apparently in an attempt to obtain title by locating dawsonite on the oil shale ~
lands. In January- 1967, therefore, the lands were withdrawn from all mining
location.

It is not possible to assess the validity of these more recent claims and
nearly 3,000 of the 1966 claims are being contested by the U.S. Department of
Interior. ' . : .

b. The Mineral Leasing Act

Several provisions of the present Mineral Leasing Act, under which oil
shale lands are leased, require modification if the lands are to be developed under
optimum conditions. The limitation of one lease per person, association, or corpor-
ation, is unrealistic if an oil shale industry of any size is to come into existence.
Moreover, the provision is a serious obstacle to building the first plant. This is
because a pioneering plant might develop the technology at a loss and then be fore-
closed from holding a second lease on which it could capture the benefits of that
technology. These objections also can be raised with respect to the limitation of
5,120 acres per lease which is another provision of the present law. An acreage
limitation has no real meaning since the ratio of the amount of shale oil represented
per acre can range from as much as 100 to 1 depending on the thickness and quality
of the reserve.

c. Bidding procedures

Under the terms of the Mineral Leasing Act any number of bidding methods
is possible. The leasing can be competitive or non-competitive, and the bidding can
be oral auction or sealed, profit sharing, bonus bidding, royalty bidding or a com-
bination of these methods. In the test leases offered in December of 1968, competi-
tive sealed bids with a combination bonus and royalty arrangement were used. Other
methods might be tried in the future to attract stronger bids. The bidding N
procedures selected will have a marked effect on oil shale development since
potential bidders may prefer one method over another and this could seriously affect
the number and size .of bids received.

d. Leasing procedures, terms and provisions

While various existing statutes require certain requirements to be stip-
ulated in all leases--such as the non-discrimination clause--there is ample leeway
for the lessor to include other provisions which can be designed either to encourage \
or discourage bidding, or, more important, to force the bidder to discount his bid
so heavily that it will be rejected.

Such factors as the number of leases offered per sale, frequency of sales,
size of tract offéred and the quality of the resource could also be of eritical
importance to the rate and timing of oil shale development. The initial number of
bidders will probably be small, so that the frequency of sales, at léast in the
beginning, should be low. The tract must contain sufficient shale oil so that a
plant large enough to be economic can be supported'and paid out with an adequate
return in 20 years. At that time, renegotiation is required by the Mineral Leasing
Act, In addition, there are great advantages when a resource is just reaching the
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commercial stage to utilize the hishest grade deposits, since if the best deposits
are not offered, development would be delayed.

The conditions imposed by the leasing terms can also be critical. For example,
a requirement that adequate conservation of the resource be assured can be so
strictly -interpreted that mining costs would be very high. The time allowed for the’
payment of royalties and bonuses may be either very short or generous. Conservation
standards specified to protect other resource values and to prevent air and water
pollution or serious damage to the land could be so strict that costs would sky-
rocket.

e. Availability of water

. While there is sufficient water available in the States of Utah and
Wyoming to establish a large oil shale industry without being limited by water avail- .
ability, the richest known oil shale deposits in Colorado may have some problem with
water availability. If the remaining uncommitted water is dedicated to the oil shale
industry, and it is used prudently, an oil shale industry capable of at least one
million barrels per day could be established (about 7 percent of U.S. consumption).
Nevertheless, the only sources of water for the industry are from the Colorado River
and its tributaries. These waters serve a very large geographic area and must pro-
vide water for both domestic use and a very diverse industrial and agricultural
demand.

f. Location of the deposits

The rich oil shale déposits are concentrated in areas of Colorado, Utah,
and Wyoming that are largely rural in nature. The establishment of any large new
industry would require the development of a highly complex infrastructure that does
not now exist and would mean either recruitment or training of various skilled labor
and professionals which are not now found in the area. Adequate housing, schools,
libraries, transportation and communication systems, water and power services and
other community services would have to be provided. TIf a one million barrel a day
oil shale industry were created it would require an additional 115,000 people in an
area in which only 72,000 now reside. The orderly development of an infrastructure
for such an expanded population would require careful physical and financial
planning.

Another adverse effect of the location of the oil shale deposits is on the
costs of transportation to refineries and large markets. There is not sufficient
water in the .area to .refine the shale oil on site so it must be pipelined to refin-
eries elsewhere that are located near markets where the finished products can be
sold. Pipelining to suitable refineries would add a cost of about 50 cents a barrel
to shale o0il produced in the Colorado, Utah, and Wyoming area.

g. Environmental protection

Measures to protect the land from the potential adverse effects of mining
are largely already fully developed. Air and water pollution as a result of the
retorting and semi-refining of the shale 6il can be controlled using existing tech-
nology. The handling of the spent oil shale, however, could present new environ-
mental problems. With an average shale quality of 30 gallons per ton approximately
1.4 tons of spent oil shale must be handled for each barrel of semi-refined oil
shale produced. 1If the spent shale is returned to the mine from which it was orig-
inally taken then this represents an added cost, and may be, on the average, 20 cents
per barrel. All of the spent shale could not be replaced in any case since its )
volume is greater by virtue of the void space present in a mass of broken material
as compared to a solid deposit. Thus provision will have to be made for some perman-
ent surface storage of a portion of the spent shale. This will require methods for
preventing leaching of the spent shale so that pollution by the leached salts of
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ground water and streams can be avoided. Where fine shale is used for retorting,
provision must be made to stabilize the spent shale to prevent air pollution by
blowing fines when the pile is dry.

3. Factors that will affect conversion from coal to oil

Production of liquid fuels from coal will not be affected as much by Federal
action or inaction as liquid fuels from oil shale. Unlike the high grade oil shale
deposits, coal is found widely dispersed geographically with commercial type deposits
reported in 34 states. This is shown in Figure 1. Although as much as 40 percent
of these deposits may be on public lands--nearly all of this West of the Mississippi--
this still leaves one trillion tons of recoverable reserves in private owmership.

In addition, coals of all rank and susceptible to all types of mining systems are

owned in abundance by individuals and large coal, oil and steel companies. Therefore, Y
\

the questions that are crucial in oil shale development, such as title clearance,
lease terms and provisions, should not be an important factor in the early stages
of development of a commercial coal-to-oil industry.

a. Availability of water

The widespread geographic distribution of the coal deposits means that many
of the deposits can be found in areas where the availability of water should create
no great problems. All of the coal deposits East of the Mississippi are found in
water abundant locations. Many of the large deposits of Wyoming, Montana, and North
Dakota are in areas where enough water will be available for an industry. Moreover,
competition in these areas for the water would be much smaller and there should be
much fewer water rights problems than for the Colorado River and its tributaries.
Some coal deposits are, however, found in water deficient areas, and for these loca-
tions there would be a choice of moving water to the coal or coal to the water. The
selection of which would be done would depend upon other factors such as marketing
conditions, the relative costs of transportation of coal, water or the finished oil,
and other economic considerations.

b. Location of the deposits

As indicated under the discussion on o0il shale, the location of the resource
is important because of (1) the need for a well-developed infrastructure to serve the
large scale plants that are required to achieve economies of scale, and (2) the
importance of transportation costs in bringing the finished products to market. The
very large wide-spread geographic distribution.of coal, much of it near the centers
of great population density and in well established communities where the infra-
structure is well developed, and where skilled labor is available, should give coal
a competitive advantage over oil shale or tar sands. .Moreover, these same popu-
lation centers would provide markets for the product at much reduced tranmsportation
costs.

c. Environmental protection

As in the case of oil shale, methods already exist for preventing adverse
effects on the land from mining--either strip or underground. Technology also exists
for preventing air or water pollution arising at the coal conversion processing
plants. Unlike oil shale, however, solid waste disposal should present no signifi-
cant problem nor will it involve the costs of disposal that are inherent when oil
shale is retorted. Each ton of coal produces about 2.5 barrels of oil and only 200
pounds of ash so that only about 1/25th as much solid waste is generated per barrel
of oil produced as when using oil shale. Disposal-of the solid waste in the empty
space left after the coal was mined would be one solution to the problem. Uses
similar to those already developed for fly ash--a material which the waste from

i
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conversion plants would resemble--might be found for the solid residue and thus turn
a waste material into a useful product, .although supply of spent shale could be
expected to exceed demand for many years.

"d. Other factors

Although conversion of coal appears to have far fewer non-technologic
problems associated with its development than .0il shale, processes for coal conver-
sion may still not be developed before those for oil shale. ‘At this time, there is
considerably more pilot plant experience using various oil shale processes than there
is experience with the more advanced coal-conversion processes that will be required
for coal-conversion to be competitive with crude petroleum or shale oil. Moreover,
coal is much more deficient in hydrogen than the crude shale oil, and the cost of
producing the required hydrogen from coal is relatively high. Any breakthrough in
hydrogen production costs would cause an important change in the relative- attractive-
ness of coal and oil shale development.

4. TFactors that affect tar sands development

Although information on tar sand reserves in the U.S. is limited, it appears
that the total reserves of the high quality deposits of sufficient size for a large
plant that would- be needed for the initial development of an industry are limited.
There may be individual deposits which are attractive, but the amount of production
from these deposits can be expected to be small. As the need arises for other hydro-
carbon sources to meet demand in the next century the lower grade deposits, of which
there may be many, could be a useful source of hydrocarbon supply.

The Canadian tar sand reserves of good quality are large and concentrated
geographically. The total is estimated at 85 billion barrels recoverable at today's
costs. Presently, there is a 45,000 barrel-per-day commercial plant in operation
with plans for a larger 80,000 barrel-per-day plant already drawn. Development of
Canadian tar sands will be affected greatly by non-technologic factors--Canadian
policy with respect to their development in competition with their own crude oil,
with oil export policies of the Canadian government and with the joint U.S.-Canadian
fuel policy that is now being developed.

5. Other factors common to all synthetics
a. State and local conditions

The actions that state and local governments take with respect to both
property and personal taxes, zoning regulations, local conservation and environmental
regulations, state water laws, and other related factors could have an important
influence on synthetic development. Where deposits are located in remote areas, the
actions of state and local government to provide the schools, transportation facili-
ties, roads, libraries, and recreational facilities could have a significant impact
on the rate at which an industry develops, since the ability to attract and keep’
the necessary labor force would be greatly influenced by these factors.

b. Capital requirements

With existing technology, capital requirements are very high, reaching as
much as $3,000-$4,000 per daily barrel to produce a synthetic. crude oil. This fact,
combined with the need for the very large plants required to attain the economies
‘of scale, dictates investments in the range of $300 to $400 million per plant. Few
firms would be able to make investments of this size in single plants. Some of the
major companies, either alone or in joint ventures, should be able to raise the
necessary capital, although even for these very large companies the capital require-
ments present some obstacle. The high interest rates that are now common also
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create a detriment to synthetic fuels industries because of the capital-intensive
nature of synthetics plants.

c. Institutional practices of the oil industry

There is always a high degree of resistance by an industry to any radical
change in raw material sources. There is a reluctance to give up a set of known
problems which one has learned to manage, and to attack a completely new set of un-.
known ones. Coal, oil shale, and tar sands as resources differ from crude petroleum
in that the approximate size and quality of the deposits can be ascertained with
relative ease. However, they require new methods of processing, and a knowledge of
mining technology--a technology generally unknown or unfamiliar to many oil com-
panies. On the other hand, the vertical integration characteristic of much of the
0il industry would appear to be useful, and possibly necessary, to a firm entering
into a commercial synthetic industry. This suggests that there may be obstacles to
the entry into synthetics by other than petroleum companies.

V. Summary

It is obvious that the many public policy issues that are associated with the
complex, highly competitive and interrelated fuel resources will have an-important
impact on the development of a synthetic fuels industry. The demand for liquid fuels
is expected to continue to rise in the future, but should a shortage develop, pro-
duction of synthetics is only one of several ways that this energy requirement could
be met. Whether synthetic production would be the preferred method would depend
upon its attractiveness compared to that of the alternatives. This, in turn, would
depend on both the state of technology, and the effect of non-technologic factors.
The major non-technologic factors that are common to the development of any of the
synthetics are related to those that affect the price of crude oil with which the
synthetics would have to compete. These are (1) the rules governing the imports of
crude oil or its products, (2) the depletion allowance, (3) state prorationing prac-
tice and (4) Federal leasing policies. Other non-technologic factors that would
affect all of the synthetics are (1) state and local regulations, (2) very large
capital requirements, and (3) institutional practices of the oil industry.

The non-technologic factors peculiar to oil shale are (1) title clearance
problems with the land, (2) provisions of the Mineral Leasing Act, (3) uncertainties
with respect to bidding procedures, (4) leasing procedures, terms and conditionms,

(5) in some areas the availability of water, (6) remote location of the deposits,
and (7) extra problems associated with environmental protection.

These seven non-technologic factors are of much less importance for coal than
they are for oil shale. The favorable and extensive location of coal deposits and
the large private holdings that permit an industry to develop with less government
involvement sharply reduce the impact of non-téchnologic factors. Environmental fac-
tors should also be more favorable for coal but, in recent years, larger scale tests
of o0il shale processes have been made than have been made for coal. The major prob-
lem for coal is a technologic one--the high cost of producing hydrogen from coal with
which to upgrade the coal to a liquid product.

N

N

N
Known U.S. deposits of tar sands are too small to have any great impact on total.

liquid fuel supplies. Development of the large reserves of Canadian tar sands,
however, could be of no importance in the overall energy supply of North America.
Their commercial production will be greatly influenced by non-technologic factors--
namely Canadian policies with respect to how they will be developed in competition
with Canada's crude oil deposits, Canadian export policies and the terms and condi~
tions of the joint U.S.-Canadian fuel policy which is now under active consideration.
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Hydrogenation of Asphaltene From Coal Using Halide Catalysts
Walter Kawa, H. F. Féldmann, and R, W. Hiteshue

U.S. Bureau of Mines, 4800 Forbes Avenue
Pittsburgh, Pennsylvania 15213

INTRODUCTION

The Bureau of Mines has been investigating the use of ‘high catalyst concentra-
tions in fhe.hydrogenation of coal to oil as a possible means of lowering hydrogena-
tion costs. The objective has been to find or develop catalysts that would permit
the use of milder conditions than were used in the conventional (Bergius-I.G. Farben)
process, or catalysts that would cause an increase in oil yield, a decrease in hydrogen
consumption, or other benefit. - ‘

Conditions used in commercial-scale operations of conventional plants depended on
the reactivity of the coal being hydrogenated and on the catalyst used. Temperatures
ranged from 450° to 490° C and pressures were 3,500 to 10,000 psi. Catalysts were
used in suspended form in concentrations of from less than one-tenth-percent to about
three percent. These high temperatures and pressures were not needed for the initial
coal liquefaction reactions but were needed to hydrocrack asphaltenes at reasomable
rates., Asphaltene is a high-molecular weight nondistillable substance that 'is formed
as a principal intermediate in the coal-to-oil reaction sequence. In a kinetics study
made with bituminous coal at about 6,000 psi with a conventional catalyst (SnS plus
NH,C1), Weller obtained specific reaction rate constants for .coal hydrogenation to as-
phaltene and other liquid and gaseous products that were 25 times greater at 400° C

" and 10 times greater ,at 440° C than the specific reaction rate constants for asphal-.

tene hydrogenation.l/ The reactions were first order with respect to coal or asphal-

tene concentration. It thus became evident that the hydrogenation of coal to oil at °
practical rates at mild conditions, e.g., 400° C and 1,500 psi, would require the use
of catalysts that are highly effective for hydrogenating asphaltene.

. The Bureau recently made a coal hydrogenation catalyst study in which a wide
variety of materials were screened as potential catalysts. Equal weights of these
materials and coal were used at one set of conditions. This paper presents results
of screening experiments made with ten halide catalysts that were effective for pro-
ducing high yields of oil with low asphaltene contents. Results are also presented
for experiments in which the same catalysts were used in the hydrogenation of asphal-’
;ené produced by mild hydrogenation of .the coal.

EXPERIMENTAL

Equipment and Materials

The reactor used was a 1.2-liter batch autoclave that was placed in a horizontal
position and rotated during an experimen?. A complete description of the vessel and
accessory equipment has been published.2’/ Charges were contained in a glass liner.
that fitted closely to the autoclave wall. Pressure was measured with a bourdon-tube
type gage that was connected to and rotated with the autoclave. Temperature was

measured with a thermocouple positioned axially in the autoclave in a thermowell.

" Pittsburgh-seam high-volatile A bituminous coal from the Buredu's experimental
mine at Bruceton, Pennsylvania and asphaltene produced by uncatalyzed. hydrogenation
of the same coal were used as feeds. The coal was pulverized to minus 60 mesh (U. S.
Sieve) and dried in air at 70° C for about 20 hours. Asphaltene was produced by hydro-
genating 200-gram'qha:ges of coal in the batch autoclave at 4,000 psi and 425° C for
2 hours. Asphaltene produced in 35 runs was combined and used as a feed material.

1
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It is the fraction of product that is soluble in benzene and insoluble in n-pentane.
The yield was about 35 percent by weight of moisture- and ash-free (maf) coal used.
By laboratory analysis, it was found to contain 8.5 percent benzene insolubles, 83.6
percent asphaltene, and 7.9 percent n-pentane-soluble oil. Ultimate analyses of the
feeds are shown in table 1. .

Table l.- Analyses of coal and asphaltene feeds

Analysis, wt pct

) Mois- Elemental composition, maf basls
Material ture _Ash [ H N S 0 (diff.)
Coal, hvab%{.. 0.4 7.5 83,7 5.4 1.6 1.2 8.1
Asphaltene ... 0.9 0.0 88.7 6.4 1.9 0.4 2,

1/ High-volatile A bituminous coal, Pittsburgh seam.

Halide catalysts were either technical or reagent grade chemicals and were used
in powdered form. Catalysts and coal or asphaltene were premixed in the glass liners
before charging into an autoclave. Hydrogen was obtained from commercial cylinders.

Operating and Analytical Procedures

All experiments were made with 50-gram charges of coal or asphaltene. After
purging air out of a charged and assembled autoclave, hydrogen was added to an ini-
tial pressure selected so that the desired pressure would be reached on heating to-
reaction temperature. Rotation was started, the autoclave was heated at about 7°cC
per minute to reaction temperature, temperature was maintained for a specified time,
then the autoclave was cooled to room temperature. Rotation was continued until the
temperature was.250° G or less. The cooling rate to 250° C was about 4° C per minute.

Gases were dePIGSbu%iZed through a cold trap where light oil and water vapors
were condensed and then through scrubbers that removed acid gases (COz, HzS, and any
hydrogen halide formed by catalyst reactions). The remaining gases were metered, col-"
lected in a holder, sampled, and analyzed by mass spectrometry. Light oil and water
were then removed by vacuum distillation to about 110° C and 2 to 3 mm of Hg. These
conditions are equivalent to an atmospheric distillation to about 290° C. Material
remaining in the autoclave was washed out with benzene and then continuously extracted
with benzene in a Soxhlet apparatus. The insoluble and soluble fractions were both
water washed to remove the halide catalysts. .An ash determination was made on the
product insoluble 'in benzene and water. After water washing, the benzene solubles’
were separated into n-pentane insoluble (asphaltene) and n-pentane soluble (heavy oil)
fractions.

The autoclave was weighed on a bullion balance before charging with hydrogen,
after depressurizing, and after vacuum distillation. The weight of hydrogen charged ’
was estimated from previous autoclave calibrations of hydrogen weight versus pressure.
Bullion balance weighings permitted accurate determinations to be made of the weights
of groups of products as follows: (1) Gases and vapors depressurized, (2) vacuum dis-
tillate, and (3) heavy liquids and solids. Actual recoveries were-adjusted to cor-
respond to values determined by bullion balance weighings by assuming that losses (or
gains) in each group of products were distributed among the components of that group.
in the same proportions as actual recoveries.

Yields are expressed as weight-percent of maf charge. Organic benzene insolubles
are defined as benzene and water insolubles minus ash; coal conversion on a. percentage
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basis is 100 minus the percent of organic benzene insolubles. Light oil includes oil
recovered by vacuum distillation, oil condensed from gases during depressurization,
and small amounts of pentanes in the scrubbed gases. Hydrocarbon gases consist of

C, to C, hydrocarbons.

RESULTS AND DISCUSSION

Coal Hydrggena;ion Yields

Table 2 shows yields obtained in catalyst screening experiments made with equal

Table 2.- Distribution of products from the
hydrogenation of Pittsburgh-seam coal
(50 grams of coal, 4,000 psi, 425° C, 1 hour)

Catalyst- Yields, weight-percent of maf coal
to-c¢oal Organic Hydro- Acid _

Exp. weight , benzene Asphal- Heavy Light carbon gases Net
No. Catalyst ratiol insols. tene oil oil gases and CO0 water
1 None - 37 28 13 6 - 6 3 7
2 Nilo.6H20 1.0 18 ; 2 21 38 10 4 12
3 NiBrp 1.0 20 4 29 . 33 10 6 5
4 Znl, 1.0 10 L 5 55 17 7 10
5 Io 1.0 23 1 8 48 15 3 11
6 ZnBro 1.0 10 2 8 56 14 3 13
7 ZnCls 1.0 12 2 16 45 14 4 11
8 SnCls.2H0 1.0 18 7 40 29 6 4 ‘1
9 CdI, 1.0 17 3 24 37 13 1 12
10 ©  Fely.4H0 1.0 20 9 13 41 10 2 5
11 Snlp 1.0 8 14 42 20 6 5 5
12 ZnCly 0.01 33 26 18 8 8 4 7
13 SnClz.2H0 0.01 12 38 - 34 7 4 5 7
14  saClz.2B02/  0.01- 7 7 36 18 26 1 9

1/ Does not include water of hydration.
2/ Thirty minutes at 480° C.

weights of halide catalysts and coal at 4,000 psi and 425° C for 1 hour. High coal
conversions of 88 to 92 percent were obtained with 4 of the catalysts. Conversions
were 77 to 83 percent with the remaining catalysts as compared to 63 percent without
a catalyst. However, assuming that asphaltene was a principal intermediate product,
all of the halides were very effective for asphdlt hydrogenation. Asphaltene contents
of the benzene-soluble oils (sum of asphaltene, heavy oil, and light oil) ranged from
1.6 percent with ZnIs to 18 percent with Snlp.

The last three experiments listed in table 2 were made with a conventional cata-
lyst concentration of 1.0 percent. ZnClz at 1.0 percent was a very poor catalyst.
Coal conversion was only 4 percent higher than without a catalyst, and asphaltene was
the principal liquefaction product. SnCly is one of the best of the conventional )
catalysts, With 1.0 percent SnClp at 425° C, a high conversion of 88 percent was ob-
tained, but the product oil was high in asphaltenes. The last experiment, which was
made with SnCly at 480° C, demonstrates that a high coal conversion and low asphaltene
yield are obtained at conventional conditions. It also illustrates the advantage of

1
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lower temperature hydrogenation from the standpoint of hydrocarbon gas production

and consequent hydrogen consumption. The hydrocarbon gas yield at 480° C was 26 per~\
cent as compared to 14 to 17 percent at 425° C with the most effective of the halide
catalysts. : '

Asphaltene Hydrogenation Yields

Experiments with coal and high concentrations of halide catalysts showed these
catalysts to bé effective for producing oils low in asphaltene when starting with coal.
Experiments with a primary asphaltene and the same catalysts were made to determine
whether the halide catalysts were equally effective when the starting material was
asphaltene. Conditions used were 4,000 psi, 425° C, and 1 hour at temperature with
a catalyst-to-asphaltene ratio of 1.0 by weight. Results are shown in table 3 along

~
Table 3.- Distribution of products from the hydrogenation of asphaltenel/
(50 grams asphaltene, 50 grams catalyst, =/4,000 psi, 425° G, 1 hour)
Yields, wt pct of moisture-free asphaltene charged. Percent
Acid reduction
Organic . Hydro- gases of insols.
Exp. benzene Asphal- Heavy Light carbon and Net plus
No. Catalyst insols. tene oil oil gases’ co’ water asphaltene
15 None 5 67 20 2 5 1 1 - 22
16 NiIo.6Ho0 7 1 37 43 10 1 3 91
17 NiBrp 3 5 48 31 11 2 3 91
18 Znlo 6 2 22 50 14 3 4 91
19 Is 4 5 25 58 13 2 2 90
20 ZnBro 8 2 20 57 10 1 3 89
21 ZnClo 4 7 31 - 37 14 1 4 88
22 SnCl5.2HZ0 6 10 50 21 8 1 0 83
23 CdI> 4 14 63 18 7 <1 3 80
24 Felo.4H50 21 5 9 49 . 17 1 5 72 N
25 SnI> 5 23 . 48 19 6 1 3 70
L/ The asphaltene feed composition was 0.9 percent moisture, 7.6 percent organic N
genzene insolubles, 83.6 percent asphaltene, and 7.9 percent oil on a weight
asis.

2/ Does not include water of hydration.

with results obtained without a catalyst. All of the catalysts were very effective ~
for asphaltene reduction., However, a more significant measure of catalyst effective-
ness is the extent of reduction of both the organic benzene insolubles and the asphal-
tene. As shown in table 3, reduction of these two components of the feed was 22 per-
cent without a catalyst and 70 to 91 percent with catalysts. Lowest reductions were
obtained with SnI> and FeIl>. In the experiment with Felz, the yield of asphaltene
was low at 5 percent, but the yield of hydrocarbon gases was highest and an appre-
ciable amount of insolubles was produced, presumably by condensation reactions. The
formation of undesirable solids and gases is indicative of an imbalance in cracking
and hydrogenation activities with Felz. Significant amounts of insolubles were not
formed in any of the other experiments including the experiment without a catalyst. .

Thg effects of reaction variables on asphaltene hydrogenation yields were investi
gated briefly, Using results obtaimed with equal weights of ZnCl, and asphaltene at
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y/4 ,000 psi and 425° C for 1 hour as a basis for comparison, experiments were made at
higher and lower pressures, temperatures, and catalyst concentrations and with longer
;- and shorter times at temperature. Results are shown in table 4., In the first group

Table 4 .- Agphaltené hydrogenation yields using ZnCl- catalyst.
Effects of pressure, temperature, time, and ZnCl, concentration.
(50 grams of asphaltene)

Yields, wt pct of moisture- free Percent
ZnClp-to- ' asphaltene charged reduct.
asphal. . Organic  As- Hydro- of insols.
.vExp. weight Press., Temp., Time, benzene phal- Heavy Light carbon plus
No. ratio psi °C min. insols. tene oil oil gases . _asph.
26 1.0 2,000 425 © 60 5 9 29 39 13 83
21 1.0 4,000 425 60 4 7 31 .37 14 88
27 1.0 - 8,000 425 60 2 3 45 34 15 . .95
28 1.0 4,000 400 60 4 9 43 36 12 86
29 1.0 4,000 450 60 6 1 23 45 19 92
ya
30 1.0 4,000 425 . 15° S5 8 37 30 10 - 86
31 1.0 4,000 425 30 4 6 39 34 11~ 89
, 32 1.0 - 4,000 425 120 3 4 42 38 16 92
15 0.0 4,000 425 60 5 67 20 2 5 22
33 0.01 4,000 425 60 2 41 44 7 6 53
34 0.5 4,000 425 60 4 7 52 26 11 88
35 2.0 4,000 425 60 7 2 14 48 28 90

of experiments which were made at 2,000, 4,000, and 8,000 psi, the pressure dependence
of reactions involved in insolubles and asphaltene reduction was found to be small.

I Reductions were 83 percent at 2,000 psi and 95 percent at 8,000 psi. Light oil yields
decreased with increasing pressure indicating an apparent pressure inhibition of the
heavy oil-to~light oil conversion step This group of experiments shows that with a
‘high concentration of ZnCly at 425° C asphaltene can be hydrogenated at 'a practical
rate at 2,000 psi or possibly at lower pressures.

¥ In the investigation of the effect of temperature, results at 400° C were very
similar to those at 425° C. Raising the temperature to 450° C caused appreciable

i decreases in asphaltene and heavy oil yields and increases in light oil and hydro-

i/ carbon gas yields. The data indicate tlat asphaltene hydrogenation would be practical
at 400° C and that this' low temperature would be preferred because of the 1owur ras-
to-oil ratlo than at the higher temperatures

Experiments made to investigate the effect of reaction time at 425° C showed

, that all of the reactions involved in molecular weight reduction were initially quite
rapid, but the rates decreased considerably as time progressed. In 15 minutes, the
reduction of insolubles and asphaltene was 86 percent and light oil production, was
30 percent. With increasing time, the reduction of insolubles and asphaltene pro-
ceeded much more slowly, reaching a value of 92 percent in 2 hours. This amounts to
a reduction of less than 50 percent of the insolubles plus asphaltene that remained
after 15 minutes. During the same period, the light oil yield increased to only 38 per-
cent. These decreases in hydrocracking rates are an-indication of some loss of catalyst
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activity. To some extent, it is also likely that as hydrogenation progressed the
concentration of structural types more resistant to hydrogenation progressively in-
creased in the solids and heavy liquids remaining.

The last group of experiments in table 4 shows the effect of increasing the cata-
lyst-to-asphaltene ratio from 0.0l to 2.0. With a ratio of 0.0l, reduction of insoluble

plus asphaltene was appreciable at 53 percent. The reduction reached a value of 88
percent with a ratio of 0.5 and remained essentially constant with further increases
to 1.0 and 2.0. However, the extent of heavy oil conversion to light oil continued
to increase with increasing catalyst concentration. The data from this group of ex~
periments show that although the depth of hydrogenation increased over the entire
range of catalyst concentrations used, very high concentrations may not be necessary
to obtain high conversions of asphaltene to heavy oil in relatively short reaction
times.

Composition of H&drogenation Products

Ultimate analyses of asphaltenes and heavy oils in the products of several as-
phaltene hydrogenation experiments are shown in table 5. The principal differences

Table 5.~ Ultimate analyses of asphaltene and heavy oil products of
asphaltene hydrogenation :
(50 grams of asphaltene, 50 grams of catalyst, 4,000 psi, 425° C, 1 hour)

Exp. Elemental composition, weight-percent
No. Catalyst C H N S 0 (diff.)

Asphaltene

20 ZnBrs 89.0 5.8 1.0 - - -

21 ZnCls 91.2 6.0 0.6 0.2 2.0
22 SnCls.2Hz0 89.9 6.7 0.9 0.1 2.4

Heavy 0il

16  NiI».6H0 -~ 89.1  10.9 0.0 0.05 0.0
20 ZnBro 89.7 9.7 0.3 0.05 0.25
21 znCl, : 90.3 8.5 0.3 0.1 0.8
22 SaCly.2H:0 88.1 8.8 0.05 0.1 2.95

between the compositions of the residual asphaltenes and the asphaltene feed was the
lower nitrogen and sulfur contents of the unconverted asphaltenes. Heavy oils con-
tained appreciably more hydrogen than the feed and much less nitrogen and sulfur.
Percentages of oxygen varied considerably. As oxygen determinations were by differ-’
ence, their values are not highly meaningful.

Ultimate and fluorescent indicator adsorption (FIA) analyses of light oils pro-
duced in several experiments with both coal and asphaltene are presented in table 6.
All of the oils contained less than 0.l percent each of nitrogen and sulfur. Con-
sidering the high aromaticity of the coal from which the oils were produced, their
aromatics contents of about 17 to 36 percent by volume were surprisingly low. The
aromatics and saturates fractions of the light oils produced in coal experiments with
ZnBrz and ZnCl; were analyzed completely by gas-liquid chromatography. More than

\
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Table 6.~ Analyses of light oils from coal and asphaltene hydrogenation
. (50 grams coal or asphaltene, 50 grams catalyst, 4,000 psi, 425° C, 1 hour)

FIA analysis, vol pct

Aro-

) matics
Exp. Elemental composition, wt pct and oxy- Satur- Ole-
No. Catalyst Feed C H N S 0 (diff.) genates ates fins
2 Nil5.6H0 TCoal 86.7 13.2 0.0 <0.1 0.0 20.9 78.6 . 0.5
16 Nilo.6H-0 Asph. 86.5 13.3 0.0 <0.1 0.2 17 .4 82.5 0.1
6 ZnBro Coal 87.2 12.7 <0.1 <0.1 0.0 30.9 - 68.6 0.5
20  ZnBro Asph. 86.5 12.7 0.0 <0.1 0.8 30.7 69.0 0.3
.7 ZnClo Coal 87.1 12.7 <0.1 <0.1 0.1 32.8 | 66.8 0.4
21 ZnClo Asph. 86.6 12.2 <0.1 <0.1 1.1 35.6 64.0 0.4

90 percent of the oils consisted of compounds having boiling points under 200° C The
saturates were mainly paraffins, but the ratio of iso-to-normal paraffins was about

9 to 1 in both oils. Total cyclics (aromatics and naphthenes) amounted to about 47
percent. These analyses clearly indicate that the halide catalysts are highly active
for nuclear hydrogenation and ring opening reactions. '

Light oils produced from coal and from asphaltene using the same catalyst dif-
fered in composition by only small amounts. The differences are probably within the
limits of the reproducibility of experiments and the analytical accuracy. This simi-
larity of compositions provides additional evidence in support of the premise that as-
phaltene is a principal intermediate in the hydrogenation of coal to oil.

Elemental balances were made for the experiment with ZnCl, and asphaltene. The
amounts of nitrogen, sulfur, and oxygen eliminated were found to be 90, 80, and 68 per-
cent, respectively. Hydrogen consumption was 4.5 percent by weight of asphaltene
charged. :

Practical Utilization of High Concentrations of Halide Catalysts

Process advantages that apparently would be achieved by using high concentrations
of halide catalysts include operation at lower pressure and temperature and production
of less hydrocarbon gas with a resultant decrease in hydrogen consumption. Serious
technical and economic problems that would be expected in commercial-scale coal hydro-
genation are corrosion problems and problems associated with economic recovery and
regeneration of the catalyst. -

Of the ten halides used in this study, only Nil,, NiBrp, Fel>, and ZnI, have
melting points above 425° C and could be used as components of solid-phase catalysts..
Iodine would be a vapor, while the remaining catalysts would be liquids. 1In a process,
the use of gaseous or liquid catalysts would necessitate continuous feeding and with-
drawal of such catalysts. In the presence of the amounts of hydrogen, hydrogen sul-
fide, and water that would be expected at coal hydrogenation conditions, reduction of
the metal halide catalysts to the corresponding metals and conversions to oxides and -
sulfides are potential catalyst consuming reactions. Available free energy data for
these reactions indicate that the metal halide is the thermodynamically favored form .
in each instance in the absence of an organic liquid phase. The halides may also react
with ammonia to,form complexes such as those formed with ZnCly during coal extrgct
hydrogenation,2 or they may interact with and be retained in the product»oil.i Some
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of the catalyst reactions might possibly be avoided through the use of scavengers
or by other controls of the partial pressures of gaseous reactants and products.
The addition of a metal or oxide that preferentially reacts with hydrogen sulfide
might prevent catalyst loss through sulfiding reactions, while reaction of a halide
catalyst with hydrogen might be suppressed by adding a small amount of the corres-
ponding hydrogen halide to the feed gas. The practicability of such measures is
presently not known. '

, SUMMARY

Iodine and halides of Ni, 2n, Sn, Cd, and Fe, when used as catalysts in high
concentration at 4,000 psi and 425° C, were found to be very effective for hydrogen-
ating bituminous coal to oils containing only small amounts of asphaltene, When the
feed material was an asphaltene produced by mild hydrogenation of the same coal, these
catalysts were equally effective for converting the asphaltene to oil. Low-boiling
oils produced from both coal and asphaltene were very similar in composition. These
data show that the halides used are highly selective for hydrogenating asphaltene to
oil. This is the slow and rate-controlling step when hydrogenating coal in the pre-
sence of conventional catalysts. A pressure of 3,500 psi or higher and a temperature
of at least 450°C are required in conventional coal hydrogenation to reach low levels
of asphaltene production in relatively short reaction times. With high concentrations
of ZnCly, asphaltene hydrogenation to oil was readily accomplished in this study at
2,000 psi and 425° C and also at 4,000 psi and 400° C. Although halide catalysts in »
high concentration offer some process advantages, their practical utilization will
require efficient and low-cost recovery and regeneration of the catalysts.
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Hydrogenation of Coal to Liquids on Fixed Beds
of Silica Promoted Cobalt Molybdate Catalyst

" Sayeed Akhtar, Sam Friedman, and R. W. Hiteshue

U.S. Bureau of Mines, 4800 Forbes Avqnue
Pittsburgh, Pennsylvania 15213

INTRODUCTION

The essential steps in the conversion of coal to liquid fuels are coal lique-
faction, ash removal, and processing of the de-ashed liquid for the removal of.§,
N, and 0, conversion of asphaltenes to oil, addition of H, cracking, and if the
objective is gasoline, octane improvementl/. 1In practice, the functions of the
process steps may overlap. Thus, certain methods of coal liquefaction are accom-
panied by considerable conversion of asphaltenes to oil, cracking, and partial re~
moval of the heteroatoms. The cost and complexities of processing the de-ashed
liquid depend on its composition and, therefore, on the method of coal liquefaction.
The present work describes the hydrogenation of slurries of coal in high-temperature
tar to a liquid of low asphaltenes, S, N, and O content on fixed beds of pelletted
cobalt molybdate catalyst in single pass experiments.

EXPERIMENTAL

Plant_and Procedure

Figure 1 is a flow diagram of the hydrogenation plant. The combined stream of
hydrogen and mixtures of coal and high-temperature tar passed through a preheater -
before entering the packed bed reactor which was an 11-foot long stainless steel
tube of 3-inch id. The gases and liquids leaving the reactor were led through a
receiver for liquid products which was fitted with a water-cooled condenser in its
upper part. The heavy liquids and coal residues were collected in this vessel from
where they were intermittently discharged into a secondary vessel at atmospheric
pressure. The gases and vapors leaving the receiver for heavy liquids were passed
through .a second condenser to liquefy the lighter ends of the liquid products. The
lighter liquid products were collected in a second receiver, and the gas stream was
reduced ‘to atmospheric pressure, metered, and flared. :

" As a précaution against runaway temperatures, the slurry was first introduced
into the reactor at 350° C and the incipient hyperactivity of the catalyst was al-
lowed to subside before the reactor was raised to higher temperatures. The heating

_rate was set at about 10° C per hour, and after the reactor had been heated to the

desired temperature, the plant was operated for a nondata period of 2 hours to en-
sure steady conditions. Similarly, whenever any of the process variables was changed,
the plant was allowed 2-3 hours of equilibration time.

" The charge weight of catalyst was 31 pounds, and the paste feed rate was 10 lb/hr

which is equivalent to a throughput of 20 lb/hr/cu ft of empty reactor. Hydrogen

was introduced at a rate of 500 cu ft/hr. The liquid products were collected in
batches of 50 pounds and analyzed by conventionai methods. Gases were analyzed by
gas-solid chromatography. The conversion of organic benzene insolubles to benzene
solubles and gases was computed from the total organic benzene insolubles in the

feed (maf coal + organic benzene insolubles from tar) and the organic benzene in-
solubles in the liquid products. To determine the conversion of maf coal, the con-
version of organic benzene insolubles from tar under identical experimental condi-~
tions should be known separately. The latter information is available for only one

set of temperature and pressure, namely 425° C and 4,000 psii .



Materials

Technical data for the commercial silica promoted cobalt molybdate catalyst
employed in this work are presented in table 1, and the analyses for coals and high-

- temperature tars are given in tables 2 and 3 respectively.

differed chiefly in ash content:

cent ash in lot #2 coal, and 1l.1 percent ash in lot #3 coal.
differed in ash content, oil distillable below 355° C, and viscosity.

The three lots of coal

lot #1 coal had 4.7 percent ash compared to 7.0 per-

The two lots of tar R
Hydrcgen of bet-

ter than 98.5 percent purity was prepared by catalytic reforming of natural gas,

RESULTS AND DISCUSSIONS

In view of the scale of the experiments, it was not practicable to investigate
the influence of every change in each process variable with a fresh bed of catalyst.
It was therefore decided to study the changes in one variable on one bed and to cor-
rect the results by empirically determined factors for catalyst de-activation before
comparing them. Thus, the influence of changes in slurry composition was studied on
one bed, that of changes in temperature on another bed, and the influence of changes

in pressute on a third bed.

follows:

1. Influence of slurry composition.

Temperature:

Pressure: 4,000 psi

425° ¢ |

J constant

Slurry composition, wt pct: a. 20 coal - 80 tar
‘b. 30 coal - 70 tar
c. 40 coal - 60 tar

2. Influence of temperature.

Pressure: 4,000 psi

Slurry composition, wt pct: 30 coal-- 70 tar]

Temperature:

450° C
460° C
470° C

3. Influence of pressure.

Slurry composition, wt pct: 30 coal - 70 tar

Temperature:

Pressure: a.
b.
c.
d.

Catalyst De-activation

425° ¢

4,000 psi
3,000 psi
2,000 psi
1,000 psi

constant

constant

The specifications for the three experiments were as

Batchwise analysis of the liquid products from these experiments revealed that
under fixed experimental conditions the specific gravity of the liquid products and
their composition in terms of organic benzene insolubles, asphaltenes, oil, H, N,

and S were approximately constant over the duration of the experiment.

The rate of

catalyst de-activation vis-a-vis these properties of the liquid products thus appears
to be negligible and the results from successive hydrogenations under different ex-

pgrimental conditions may be compared without any correction for catalyst de-activa-
tion. The data for a few selected parameters are plotted against time in figures 2-4.

N

N



- - 29 -

Table l.- Technical dataL/ for silica promoted
cobalt molybdate catalyst

Chemical composition, wt pct

Co0 ....... 3
Mo0a..ea.e. 15
Si0p ... 5

Al1505 ..... support

Physical properties

Bulk density, lb/cu ft ........00n.. 60

Surface area, M /8 .eu;eeveeniasnas. 200

Pore volume to 10,000 A,cc/g ....... 0.4

Pore diameter (average), X ......... 100

Size and form ....... veves 1/8 inch x 1/8 inch tablets

2/ Supplied by the manufacturers.

. Table 2.- Ultimate anaiysis of hvab Pittsburgh
coal L/ weight-percent

- Lot #1 Lot #2 Lot #3

~ As recd. maf ‘As recd. maf __As recd. maf
Moisture ...ecevevenns 0.6 1.3 0.8
Ash .(....... cessesansn 4.7 7.0 11.1
Carbon ..... sesecesees . 719.8 84.3 77.2 84.2 73.5 83.4
Hydrogen ...eccc.. cees 5.4 5.7 5.2 5.7 4,9 5.6
Nitrogen ...oeceveeess ° 1.6 1.7 1.5 1.6 1.4 1.6
Sulfur .e.ieevecvnecnas 1.2 1.3 1.6 1.7 1.3 1.5
Oxygen (by diff.) .... 6.7 7.0 6.2 6.8 7.0 7.9

1/ 70 percent through U.S. Standard sieve 200,




Table 3.- Inspection data for high-temperature tar

Solvent analysis, wt pct

Benzene insolubles ......
Asphaltenes ..... PP
Oil ....... eneeen eceance .

Carbon ............ csenne
Hydrogen ..... teceies coee
Nitrogen ......eeo.s. e
. Sulfur ..c.evvieerincnnnn

(82°C) vvvriienrnnnnnnn

Lot ‘A’ Lot 'B'
13.5 14.0
34.7 39.6
51.8 46.4
92.2 92.3
5.1 4.9
1.1 1.2
0.8 0.6
0.8 1.0
<0.1 0.7
2.9 0.0
1.1 0.1

389 500
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The hours on stream for a batch plotted in these figures are computed for the point
of time midway in the batch.

An additional check on the stability of the'catalyst'sbactivity was conducted

-while investigating the influence of pressure. After 150 hours of experiments at

the series of pressures 4,000-1,000 psi, the plant pressure was restored to 4,000 psi
and the hydrogenation continued for 29 hours. The batchwise inspection data of the
liquid products from this period for organic benzene insolubles, asphaltenes, and
specific gravity are given in figure 4, and the average analysis of the liquid pro-
ducts is compared with the average analysis of the liquid products from the earlier
period of hydrogenation at 4,000 psi in table 4. The agreement in the results for
the two periods is within experimental error. The experiment however revealed a
measurable loss in the catalyst's activity with respect to the yield of oil boiling
below 355° C: the average yield decreased from 53 percent by weight of the feed to
37 percent in 139.5 hours--the time interval between the midpoints of the two periods
of experiment at 4,000 psi. To allow for catalyst de-activation, the actual yields
in experiments at 425° C may therefore be corrected according to the following equa-
tion before comparison:

Corrépted yield = Actual yield (1 + 0.0031 x hours on stream). N

Table 4.- Average analysis of liquid Eroducts
at 4,000 psi and 425° C

1st period 2nd period

HOUX On SEredm ......eceviveeeeeene O = 50.5 150.5 = 179

Solvent analysis, wt pct

Organic benzene insolubles .... 7.1 : 7.1

Asphaltenes ......c00000.. 12.3 14.2-
4 3 I & P 75.2

Ash .....c00veeee 3.5 3.6

Ultimate analysis, wt pct (ash-free basis)

Carbon ..eiveiinicririensascaaas 88,5 88.3
Hydrogen ......coeceevcensonnns 8.3 8.1
Nitrogen .vi.ecececcsevaccsanns 0.4 0.5
- Sulfur .ii.iiiiiercaninincenenes 0.3 0.3
Oxygen (by difference ) .e..... 2.5 - 2.9

Influence of Slurry Composition

The influence of slurry composition on the parameters of interest is shown in
figure 5. At 425° C-and 4,000 psi, approximately 74 percent of the combined organic
benzene insolubles from coal and tar was converted to benzene solubles or gases, and
the conversion was independent of slurry composition in the range 20-40 wt pet coal.
This -corresponds to an average conversion of.about 8l percent maf coal. The concen-
tration of residual organic .benzene insolubles and asphaltenes in the liquid products
increased linearly with increase of coal concentration in the feed and, correspoud-
ingly, the concentration of oil decreased. As the coal concentration increased from
20 to 40 percent in the feed; the concentration both of organic benzene insolubles

and asphaltenes in the liquid products increased by about 50 percent, from 8.4 percent
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to 12.7 percent and from 11.0 percent to 17.2 percent respectively. The oil con-
centration decreased from 80 to 68 percent.

Ultimate analysis of the liquid products revealed that the residual concentra-

- tion of S, 0.2 percent, was only nominally affected by increase in coal concentra-

tion, but the concentration of N increased sharply from 0.3 to 0.7 percent as the
coal concentration increased from 20 to 40 percent. For the same change in coal
concentration, the H content of the liquid products decreased from 8.5 to 7.8 per-
cent. i

The yield of oil boiling below 355° C was highest at 30 percent coal concentra-
tion: the corrected yield amounted to 47 percent by weight of the feed compared to
37 percent at both 20 percent and 40 percent coal concentrations. The shape of the
yield curve in figure 5 is of course arbitrary in-so-far as the precise 1ocation of
the maxima is concerned. -

The yield of total liquid products and gaseous‘hydrocarbons, 95 percent and
about 1.5 percent of the paste feed respectively, were independent of slurry com-
position, -

Influence of temperature

The influence of temperature on the hydrogenation of 30 weight-percent coal
slurry at 4,000 psi is shown in figure 6. The results for 425° C are from the pre-
vious experiment. The conversion of organic benzene insolubles at 450° C was the
same as at 425° C--about 75 percent--but decreased to 65 percent at 460° C and 55 per-
cent at 470° C. The solvent and ultimate analyses of the liquid products showed a
similar pattern of influence of temperature. The analyses of the products at 425° C
and 450° C differed only marginally, but the analyses of the products at 460° C and
470° C were markedly different. The concentration of organic benzene insolubles, as-
phaltenes, S, and N increased rapidly with temperature above 450° C and the concen-
tration of oil and H decreased. The y1e1d of oil boiling below 355° C decreased from
38 percent by weight of the feed at 425° C to 29 percent at 470°

Another undesirable influence of increase in reaction temperature was an in-
ordinate increase in the yield of gaseous hydrocarbons--from about 1.5 percent of
the paste feed at 425° C to 9.2 percent at 450° C. Since the objective of this pro-
gram calls for maximizing the yield of liquid products, the gaseous hydrocarbons
represent a wasteful consumption of Hp. The yields of gaseous hydrocarbons at 460° C
and 470° C were 7.8 and 5.7 percent of the paste feed respectively., Thus, in the
range -of temperature 425°-430° C, the yield of gaseous hydrocarbons appears to be
maximum at 450° C

The yield of total liquid products was 95 percent by weight of the feed at 425° C,

90 percent at 450° C, and 93 percent each at 460° C and 470° C.

Influence of Pressure

The influence of pressure on the hydrogenation of 30 wt pct coal slurry at 425° C
in the range of 1,000-4,000 psi is shown in figure 7. The conversion of organic ben-
zene insolubles even at the lowest pressure of 1,000 psi was 55 percent, .and increased
with pressure to 74 percent at 2,000 psi, and 79 percent at 3,000 psi. The conversion
at 4,000 psi, 81 percent, was only nominally different from that at 3,000 psi. " Thus,
insofar as the conversion of organic benzene insolubles is concerned, the advantage
in operating above 2,000 psi is nominal. However, the solvent and ultimate analyses-
of the liquid products and the figures for the yield of oil boiling below 355° C show

substantial improvement in the quality of the liquid products between 2,000 and 4,000 psi.

N\

N\
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the concentration of asphaltenes decreased from 24.9 percent at 2,000 psi to 12.3 per-
cent at 4,000 psi, the concentration of N decreased from 0.8 percent to 0.4 percent,
the H content of the liquid products increased from 6.9 percent to 8.3 percent, and
the corrected yield of oil boiling below 355° C increased from 38 percent to 57 per-
cent., Indeed, the B content of the liquid products and the yield of oil boiling below
355° C appear to be increasing at significant enough rates near the upper limit of
our pressure range that some investigation at pressures hlgher than 4,000 psi may be
profitable.

It may be noted that the removal of S is Lndependent od pressure: the residual
concentration of S in the liquid products was essentially constant at about 0.2-0.3 per-
cent over the range of 1,000 to 4,000 psi. The removal of N, however, is pressure de-
pendent. The residual concentration of N in the liquid products decreased linearly
with increase in pressure; from 1.0 percent at 1,000 psi to 0.4 percent at 4,000 psi.
/The_yields of total liquid products and gaseous hydrocarbons, 95-98 percent and
about 3 percent of the paste feed respectively, werc independent of pressure.

Throughout the series of experiments described in the present work, the material
balance was 95-98 percent, and ash recovery was essentially quantitative.

Influence of Ash

In the course of the investigations described above, the hydrogenation of 30 wt
pct coal slurry at 425° C and 4,000 psi was conducted twice: first during the investi~
gation of the influence of slurry composition, and again during the investigation of
the influence of pressure. We will call the former run A and the latter run B. A
comparison of the results of the two runs--for convenience brought together in table 5-= .
shows that the conversion of organic benzene insolubles and the yield of oil boiling
below 355° C was higher in run B than in run A. We believe this difference is due to
the higher ash content of the coal and tar employed in run B compared to the ash con-
tent of the coal and tar employed in run A. In run B, the coal employed came from
lot #3 which had 11.1 percent ash, and the tar came from lot B which had 0.7 percent
ash. For run A, the coal had come from lot #l1 which had 4.7 percent ash, and tar
from lot A which had <0.1 percent ash. Ash from hvab Pittsburgh coal contains 10 per-
cent or more Fe, a conventional catalyst for the conversion of coal to liquids. In
-addition, the ash has been reported to contain Sn, Mn, and other transition elements
known to, have catalytic activity in the hydrogenation of coal -(3).

CONCLUSIONS

Slurries of coal in high-temperature tar .can be hydrogenated on fixed beds of
pelletted cobalt molybdate gatalyst. The concentration of oil in the liquid products
decreased as the concentration of coal in the feed increased from 20 to 40 percent.

In the range of temperature 425° C-470° C and pressure 1,000-4,000 psi, hydrogenation
of 30 wt pct coal slurry proceeded most favorably at 425° C and 4,000 psi. Under

these conditions, 91 percent of maf coal was converted to liquids and gases, with

the yield of liquid products amounting to 96 percent of the paste feed. Approximately
77 percent of the liquid products was oil, 7 percent organic benzene insolubles, 12 per-
cent asphaltenes, and the balance ash. The liquid products contained 8.3 percent H,

0.4 percent N, and 0.3 percent S on an ash-free basis. The initial yield of oil boil-
ing below 355° C was 53 percent by weight of the feed.
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Table 5.~ Influence of ash on the hydrqggnation of

coal slurry in high-temperature tar

Run A
(low_ash)
Conversion of organic benzene ..... .o 74
insolubles, wt pct ...cieenreennnan 74
_ Conversion of maf coal, wt pct ...... 81

Run B

(high ash)

Solvent analysis of liquid products, wt pct

Organic benzene insolubles .....

Asphaltenes ............

O1l teveceinennnannns .

........

Ultimate analysis of liquid products,

wt pct (ash-free basis)

Carbont ...cc0cveas cesesn
Hydrogen ....eccoveeue .ee
Nitrogen ...ceecvesenscas

- SUlfUr sieiivecencnncanas

Yield of oil boiling below- 355° C,

wt pct of feed (corrected for

catalyst de-activation) ...

46.9

81
81

S 9l

e
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PERCENT BY WEIGHT OF
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Hydrogenation of COED Coal Oils
Harry E., Jacobs
Atlantic Richfield Company, Harvey, Illinois
J. F, Jones and R. T, Eddinger

FMC Corporation, Princeton, New Jersey

Introduction

The Office of Coal Research, Department of the Interior, has sponsored several
projects having as one of their objectives, the production of oil from coal. One
of these, project COED, conducted by MMC Corporation, produces oil by low temper-
ature pyrolysis of coal. The Atlantic Richfield Company, which had been con-
ducting hydrogenation experiments on coal derived oils, was requested by the Office
of GCoal Research to hydrotreat some COED oils. Accordingly, the following work was
carried out by ARCO in cooperation with FMC.

Raw oils from the COED process have a low hydrogen content and high concentrations
of oxygen, nitrogen, and sulfur. Hence, hydrotreating is required before the oils
can be used in present day petroleum refining processes. In the COED process, the
0il product is taken from the reactors as a vapor, leaving the residual ash and
char to be withdrawn separately as a fluidized solid. Any entrained solids in the
o0il vapor are removed by cyclones and by filters. Consequently the COED oil,
being virtually solids free, can be hydrotreated in fixed bed reactors.

Hydrogenation Equipment

The equipment used by the ARCO laboratories is a typical beach scale high-tempera-
ture, high-pressure continmuous unit of the type used in petroleum process research.
The unit is shown schematically in Figure 1. The oil in a heated, gas blanketed
charge tank is circulated by a low pressure, positive displacement pump. This
serves to maintain a uniform mixture in the feed tank and to supply a positive
pressure at the suction of the high pressure feed pump. The oil is combined with
hydrogen and preheated before passing downflow through the 1l inch catalyst bed.
The product is cooled and separated into gas and liquid fractions for sampling and
analysis.

The double pumping system reduced the problem of interruption of flow. GCOED oil,
being a pyrolysis product, can form polymers and coke at temperatures above 600°F.
This is not a problem as long as liquid flow is maintained. However, if the flow
is k:L:i.nterrupted, the oil does not drain from the reactor fast enough to avoid
coking. :

The catalyst used is commercially available HDS-3A manufactured by American
Cyanamid. It is a 1/16-inch extrudate containing 3% NiO and 15% MoO3 on alumina.

Results of Hydrogenation

COED oils from three coals were charged. Their composition and gravity are shown
in Table I.
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Table I

PROPERTIES OF HYDROGENATION FEEDS

0il Source ¢ ZH Zo N Zs Density, °APL
Utah 83.3 8.5 6.8 1.1 3h -3.5°
Illinois No. 6 80.1 7.2 9.1° 1.1 2.50. -13.1°
Pittsburgh Seam 83.3 7.1 6.6 1.2 1.80 -12.3°

The Utah and Illinois No. 6 are high-volatile B bituminous coals. Pittsburgh seam
is a high volatile A bituminous coal. The major differences between the 0ils are
the lighter density, lower sulfur, and higher hydrogen content- of the Utah oil.
The I1llinois No. 6 o0il is highest in sulfur and oxygen.

A11 of the hydrogenation experiments discussed in this report, were conducted at
3000 psig. Hydrogen flow rates were generally between 8,000 and 12,000 SCF/Bbl.
Variations in hydrogen rates did not have a significant effect on the hydroge-
nation reactions. The process variables were space velocity and temperature. The
latter ranged from 650° to 850°F, and space velocities (WHSV) of 0.3 to 3.0 lbs./
hr. of oil per 1lb. of catalyst were used.

Hydrogen cohsumption was between 1500 to L500 SCF/Bbl., The exothermic reaction
resulted in an uneven temperature profile in the catalyst bed. In a typical run
the temperature rose 65° in the first 2 to L inches of the bed. The temperature
then declined gradually in the remaining bed as the heat sink of the reactor and
furnace removed heat from the system. The temperatures used for correlating the
data are arithmetic averages of temperatures taken at one-inch intervals in the
bed, This average temperature is about 20° less than the maximum temperature,

The data on removal of oxygen, nitrogen and sulfur were correlated by simple first-
order kinetics. Figure 2 shows the removal of nitrogen from Illinois No. 6 oil.
Nitrogen removal is plotted as a function of reciprocal space velocity and temper-
ature. The temperature factor indicates an activation energy of 29,000 BIU per 1lb.
mol. The temperature factor was obtained by first plotting the nitrogen removal
vs. reciprocal space velocity. Deviations from a line through the data were
plotted against temperature.

Figures 3 and 4 show similar correlation for oxygen removal and sulfur removal

from Illinois No. 6 oil. Indicated activation energies are 15,000 BTU per 1lb.

mol. for oxygen and 9,500 BTU per 1lb. mol. for sulfur removal. Qadar, Wiser and
H111( 13 found that the activation energies for nitrogen and sulfur removal from a
low temperature coal tar changed at about 750°F, The general scatter of the data
and the method of determining average temperature in this work preclude the identi-
fication of different activation energies above and below 750°F,

Nitrogen is the most difficult of the heteroatoms to be removed. At 720°F., and 1
WHSV the removals from Illinois No. 6 oil are as follows: Nitrogen, 72%; Oxygen,
91%; and Sulfur, 96%.

The examination of the heterocatom removal from the other oils disclosed that the
temperature trends found for the Illinois No. 6 oil also applied to all three.
However, the reaction rates vary with the oils, Figure 5 shows that for nitrogen
removal, the Utah oil requires only two-thirds the severity of the Illinois No, 6
0il. The Pittsburgh oil requires twice the severity of the Illinois No, 6 oil,
Figure 6 shows oxygen removal., Pittsburgh oil requires 2% times the severity of
Illinois No. 6, and Utah oil needs 80% of the Illinois No. 6 severity. Sulfur
removal shown in Figure 7 is slightly different. Pittsburgh oil needs 2.3 times
the Illinois severity. Sulfur removal from Utah oil is indicated to be more diffi-

cult than from-I1linois No. 6 oil. This difference may not be real, Because of
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the low 0.3% sulfur content of the Utah oil feed, there is more scatter in the data
on this feed than the other two.

The required space velocities for 80% oxygen, nitrogen and sulfur removal from the
three oils are given in Table II.

Table II

SPACE VELOCITIES FOR 80% REMOVAL
CONDITIONS, 720°F, AND 3000 PSIG.

80% Nitrogen 80% Oxygen 80%¢ Sulfur

Removal Removal Removal
WHSV WHSV WHSV
Utah 1.2 1.8 1.8
I1linois No. 6 8 1.5 2.6
Pittsburgh L b 1.1

Total hydrogen consumption was also correlated by pseudo first order kinetics.
First the quantity of hydrogen required to convert the oil to cycloparaffins
(CyHop) and to remove all oxygen, nitrogen and sulfur as water, ammonia, and
hydrogen sulfide was determined. This hydrogen saturation value assumes no
cracking.

0il Source Hydrogen for Total Saturation
Utah L4600 SCF/Bbl.
I1linois No. 6 ) 6200 SCF/Bbl.
Pittsburgh 6400 SCF/Bbl.

The observed hydrogen consumption, divided by the quantity needed for total satu-
ration is reported as the percent hydrogen saturation. This value was then plotted
as a function of reciprocal space velocity and temperature in the same manner as
for heteroatom removal. As seen on Figure 8, when plotted in this manner, the data
from Utah and Illinois No. 6 oils fall on a common line. The Pittsburgh oil
requires 2% times as rmch severity to obtain a similar degree of saturation.

This method of correlating hydrogen consumption ignores any effect the approach to
equilibrium may have on the rate of hydrogen usage. The fact that the data plots
as well as it does indicates that the reactions are not equilibrium controlled.

The reasons for the differences in ease of hydrogenation and heteroatom removal for
the three oils are not known, but they are probably related to the hydrogen-carbon
ratio of the oils. The atomic ratios of the oils are as follows: ’

H/C Ratio
Utah 1.22/1
Illinois No. 6 "1.08/1
Pittsburgh 1.02/1

The last reaction examined is the production of gas by cracking. As seen in Figure
9, the gas yield climbs precipitously at temperatures above 780°F. The effect of
temperature is so overwhelming that no trends with space velocity could be obtained.
Cracking of all three oils fall on a common temperature line. This data indicates
the necessity of keeping the catalyst bed temperature below 780°F, if oil is the
desired product. :

No catalyst life studies were made, but it is anticipated that catalyst hfe would
be related 1nversely to the gas productlon.
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Properties of the Hydrogenated Oils

The °API gravity of the products varies directly with the hydrogen consumption.
However, as shown in Figure 10 the oils fall on three separate lines. For example,
the production of a 25°API hydrogenated oil from Utah oil needs only 2700 SCF/Bbl,
A similar product from Illinois No. 6 o0il would need L050 SCF/Bbl and the
Pittsburgh Seam oil would use L4550 SCF/Bbl.

Distillation curves of the three oil feeds and three products that were made with
similar hydrogen consumption are shown in Figure 11. The consumption of 3600 SCF
of hydrogen per barrel lowers the boiling range of each o0il about 300°F. It should
be noted that there is little, if any, residuum (material boiling above L1000°F.)
left in these oils.
The properties of these three product oils are as follows:

Table III

PROPERTIES OF HYDROGENATED OIL PRODUCT

0il Source Utah Illinois No. 6 Pittsburgh
Conditions
Weight hourly space velocity 0.75 1.3 0.50
Temperature, °F. Th8° 798° Th2°
Pressure, PSIG 3000 3000 3000
Hydrogen Consumption, SCF/Bbl 3500 3600 3700

Oy+ liquid Product

°API 31.8° 22.5° 19.6°
Viscosity, SUS @ 180°F, 3Lh.6 —— Lh.9
Pour Point, °F. 80° 30° 20°
Ramsbottom Carbon, Wt. % 0.LhL ———- 3.85
% H 12.7 ———— 10.9
%0 0.13 -—-- 0.7
%N 0.05 -——- 0.1
%S < 50 ppm —— 0.03

The high pour point of the Utah oil product is caused by a larger paraffin content.
A comparison of the reformer stock and middle distillate fractions from Utah and
Pittsburgh oils shows this difference.

Table IV

PROPERTIES OF PRODUCT FRACTIONS

0il Source Utah Pittsburgh

Reformer Stock (Cg-LOO°F,) : v
Yield, Vol. % 12.5 9.6
°APT 38.7° 37.6°
Paraffins, Vol. % .18 6
Cycloparaffins, Vol. % 65 yn

Aromatics, Vol. % 17 20
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Oxygen, Wt, % .06 L7
Nitrogen, Wt. % Jdo - .09
_ Sulfur v . Trace 5 ppm
'+ Middle Distillate (L00-650°F.)
Yield, Vol. % 68.2 38.9
°APT 30.1° : 22.5°
Paraffins, Vol. % : 25
Cycloparaffins, Vol. & 39 55
Aromatics, Vol. % 36 L
'Qxygen, w. % ’ .20 ) .18
Nitrogen, Wt., % - .06 12
Sulfur Trace 30 ppn

The two reformer stocks above are satisfactory reformer feeds after conventional
pretreat steps to remove the residual oxygen and nitrogen. The high concentration
of ring structures indicates that only a very mild reforming severity is needed to
produce a high octane paphtha. The middle distillates can be used as heating oils,
or after oxygen and nitrogen removal, by conventional pretreating, they can be
charged to a hydrocracker for additional gasoline production.,

The high cycloparaffin content of the hydrogemated COED cils would classify the
syncrudes as the naphthenic type. Although the °API gravity of these oils may be
lower than most crude oils, they contain much less residuum than typical crudes.
These hydrogenated COED coal oil syncrudes can be processed in typical petroleum
refinery units.

Conclusion

In summary, the removal of heterocatoms and the gross hydrogen consumption occurring
during the hydrogenation of COED coal oils can be correlated by simple, first-order
kinetics. The oil from Pittsburgh seam coal is more difficult to hydrogenmate than
the oils from Utah and I1linois No. 6 coals. The Utah oil requires less hydrogen
consumption than the other two to produce a superior oil.

The product oils are naphthenic, containing high cycloparaffin concentrations.

They contain little residuum and can be processed by conventional petroleum refining
methods,

Bibliography

1. Qadar, Wiser and Hill, I and EC Process Des:.gn and Development, 7, No. 5, 390-
397, July 1968.




= nd
1onaoyd == dwnd a334
10 r INILYINDHID
/\
: | m dwnd d334 Dﬂnﬁ;‘z
\/
\ n
HO1VHYdIS - X JuNss3¥d HOIH
I1dWYS
svo. | i s
TTOHLNOD -
34NSSInud

N
b

M1ove

- 1;7..

MNVL

NIA — @334
S1Iveg SSVYI1O
1V3IHIYD ]
LIMNVYIg
uw%m@mﬁ -~ I . NI9OYLIN

g7 .
.W NIOOHAAH

d4010V3y

1TIMOowyaH L

LINA NOILYNIOOHAAH




ILLINOIS NO.6 COAL OIL
NITROGEN REMOVAL

48 -

HYDROGENATION OF COED

G 2

Fl

ITROGEWN |

N




N)
J 8 1
S © =
. L.
3 EE=
o
C Y
© =
o =
2
-
2] < :
o > =
= ¢ ¢
] ||._ 1w x
.m,m 1 4
'S . W.
o 2 i
: w ] 3
: O 0)
z X
e o
T
4
=z
Z .
o
(o} =
o E
o
> =
T S




- 50 -

ILLINOIS NO-6 COAL OIL

HYDROGENATION OF COED

FIG. 4

SULFUR REMOVAL

SULFUR:

E ' _3000!PsIG

./.

PRESSUR

' FEED _2.59

O

_ L
N ; m"
1 ! .
W ; “ !
N g
} _ -
AT
OO0 O
0228 31




FIG.S

iy

ity

|

O INCNITROGE GOSN
i

)

d

x I‘i?,q: ,

I}
PRI

NITROGEN REMOVAL

\TEMPERRTURE LX

- 51 -
HYDROGENATION OF COED COAL OILS

- - i = - EE - ~ - - ~ -~




©
Q
L
n
A
o
J
<
(o] |
AR~ §
>
m e .WL
o = 14
O wl o
Cw & L
8 ° =z
CZ oW R
S © E
- >
ANH x
Z O
O
o
1 :
o “
>
T i
2
g
> 2
x[=
Sk




- 53 -
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LIQUID FUELS FROM TARS BY CARBONIZATION
OF COALS IN HYDROGEN ATMOSPHERES

Clarence Karr, Jr., J. O. Mapstone, Jr., L. R. Little, Jr.,
R. E. Lynch, and J. R. Comberiati :

U.S. Department of the Interior, Bureau of Mines,
Morgantown Energy Research Center, Morgantown, W. Va. 26505

The purpose of this investigation was to determine the feasibility of produc-
ing a gasoline boiling range product of satisfactory yield and quality by low-
temperature {950° F') carbonization of coal in hydrogen atmospheres below 1, 000
psig, with immediate catalytic hydrorefining of tar vapors and liquid tar issuing
from the coal. Information on the effects of varying hydrogen pressure and cata-
lyst temperature on the yields of individual compounds of interest in the gasoline
boiling range product was also desired.

Very little previous work has been done along these particular lines. With
respect to the processing of the uncondensed tar vapors, Flinn and Sachsel (1)
conducted a low-temperature carbonization of a high-volatile bituminous coal at
445 psig hydrogen, passing the tar vapors through a cobalt-molybdenum on
alumina catalyst at 800° F, obtaining in the vicinity of 100 lbs gasoline boiling
range (up to 200° C) product per ton of coal. No information of any kind was
reported on the individual constituents in this product.

With regard to the use of hydrogen pressures below 1, 000 psig there is
little information beyond that of Flinn and Sachsel. Qader, et al {2} have reported
hydrorefining of previously condensed tar over a cobalt-molybdenum catalyst at
420° C and pressures as low as 1, 500 psig. This tar was produced from a mix-
ture of high volatile A bituminous coal and 15 wt-pct stannous chloride at 2, 000
psig hydrogen and 515° C. With these two steps the yield of gasoline was 26 wt-
pct of the tar. Without the catalyst the yield of tar was 20 wt-pct, and although
this tar was not hydrorefined, if one assumes comparable results as with the tar
from the coal-catalyst mixture, the yield of gasoline would have been about 100
lbs per ton of coal. No information of any kind was given on individual compounds
in the gasoline.

EXPERIMENTAL

The experimental equipment is shown schematically in Figure 1. The
reactor was a stainless-steel vessel 5-7/8-in. 'ID and 20-in. in depth, designed
for operation at 1,000° F and 1, 000 psig. The reactor was heated electrically
with external strip heaters, the temperature being measured and controlled by a
chromel-alumel thermocouple placed at the inside reactor wall.

Coal charge and catalyst were contained in wire-mesh baskets inserted into
the reactor, the catalyst basket being at the bottorn. Temperature of the coal bed
was measured with a chromel-alumel thermocouple inserted in the bed center.
Channeling of the gas stream around the thermowell, due to variable packing,
settling, and Shrinkage of the coal bed, led to variations in the recorded coal bed
temperaturgs from the usual reactor temperature of about 950° F. The catalyst,
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when in this same reactor, was probably in the vicinity of 950° F. This arrange-
ment was used in the first 12 runs. For the last 9 runs a separate catalyst
holder was inst'élled, external to the carbonizing reactor, and with its own elec~
trical heater to permit operating the catalyst bed at temperatures different from
the reactor proper. The catalyst bed temperature was measured by a chromel-
alumel thermocouple inserted into the bed. In these runs the coal bed had an
annular configuration, as shown in Figure 1. The coal and catalyst bed tempera-
tures for the 21 runs are shown in Table 1.

In‘operation, hydrogen, metered through an orifice meter at 8 to 10 SCFH
(300 to 900 psig), was passed downward through coal and catalyst. Tar evolved
during carbonization, both liquid and vapor, thus was carried down over the
catalyst into an air cooled receiver, where heavier constituents were collected.
Effluent vapors passed into a water-cooled condenser for further liquid collection,
then through a regulating valve which controlled the system at desired operating
pressure. Gases then passed into a silica gel trap to absorb uncondensed vapors
and were metered through a wet test meter.

Coal used was Pittsburgh-seam high-volatile A bituminous, 40 to 60 mesh.
The hydrodesulfurization catalyst was Girdler G-35B, a cobalt-molybdena on
alumina in the form of 1/8-in. pellets. Analyses of the coal and char were made
using standard ASTM methods.

Total liquid product was obtained by combining the contents of the air-cooled
and water-cooled receivers. Any vapors trapped in the silica gel were counted as
product but were not recovered. The liquid was distilled on a small glass
Vigreaux column taking an overhead weight of water and light oils (b.p. <200° C)
and discarding the water. A second distillation cut was made between 200° -
400° C and designated heavy oils. Any liquid product boiling above 400° C was
reported as distillation residue. The light oils were analyzed by gas-liquid
chromatography with the results shown in Table 2.

Gas samples were taken at intervals from the line before the wet-test meter.
These were analyzed by gas-solid chromatography.

RESULTS AND DISCUSSION

As shown in Table 1, the lowest total oil yield, 56 lbs, was obtained when
nitrogen was substituted for hydrogen in the runs with the catalyst. In the
absence of the catalyst, as the hydrogen pressure increased from 300 to 600 to
900 psig the yield of total oil progressively decreased from 190 to 110 lbs.

The majority of the runs were made with 10 wt-pct catalyst, based on the
coal. The yields of total oils and light oils produced from the tar vapors and
liquid tar passing through this catalyst are shown in pounds per ton of dry ash-
free coal versus hydrogen pressures from 0 to 900 psig at catalyst temperatures
of 650°, 750°, and 950° F in Figures 2, 3, and 4, respectively. At all tempera-
tures the yield of total oils declined with increasing pressure to a value of about
150 1bs, with increased formation of gas and water. However, the light oils, or
material boiling up to 200° C, in these total oils increased, most dramatically at
750° F, rising from 10 lbs at 0 psig (1 atm hydrogen) to a maximum of about 100
1bs around 600 psig, or a ten-fold increase. The 650° runs also showed a maxi-
mum light ‘oil yield at 600 psig.
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The quality of this gaspline boiling range light oil at maximum yields was
good. It was a completely clear, water-white liquid with a sweet, clean odor.
Analyses demonstrated that it was olefin-free, and, as shown later, rich in BTX,
that is, about 70 wt-pct benzene, toluene, and xylenes. The gas was likewise
olefin-free and rich in methane, about 50 volume-pct. The presence of ammonia
and hydrogen sulfide in obviously much larger amounts than experienced during
ordinary low-temperature carbonizations of the same coal indicated that sub-
stantial denitrogenation and desulfurization occurred. Elemental analyses
demonstrated that there were little or no nitrogen and sulfur compounds in the
light oils obtained under the better operating conditions, as shown in Table 3.
The oxygen values were determined by difference, and found'to fluctuate around
zero for those light oils with low nitrogen and sulfur contents.

" From Figures 2, 3, and 4 it is evident that the operating conditions for
maximum yield of gasoline boiling range product were a catalyst temperature of
750° F and a hydrogen pressure of 600 psig. Based on many studies, the recom-
mended temperature at low hydrogen pressures for cobalt-molybdenum on alumina
catalysts is in the vicinity of 750° F'. At much higher temperatures, substantial
cracking to gas is experienced. The impossibility of obtaining good light oil
yields at temperatures as high as 950° F was demonstrated by the fact that at 900
psig hydrogen the same yield, 40 lbs, was obtained with no catalyst, with 10 wt-pct
cétalyst; and with 25 wt-pct catalyst.

The yields of desired individual compounds, in particular benzene and
toluene, were as high, or higher, at 600 psig than at 900 psig, demonstrating that-
hydrogen pressures well below 1000 psig were practical. Figure 5 shows that the
yields of benzene and toluene at 750° F rose from 1.4 and 3. 6 lbs, respectively,
at 0 psig to a maximum of about 29 lbs each at 600 psig. The yields of benzene
and toluene at 0 psig were close to the yields typical in ordinary low-temperature
carbonization of this same Pittsburgh-seam coal, with no treatment of the evolved
tars (3, 4).

Figures 6 and 7 show the variations at 300 and 900 psig, respectively, in the
yields of benzene, toluene, total xylenes, and total aliphatics in the light oils
obtained at the various catalyst bed temperatures from 650° to 950° F. The curves
for benzene are similar at these pressures up to 750° F, showing yields of about
13 1bs at this temperature. However, the 300 psig curve for benzene has its maxi-
mum at 750° F whereas the 900 psig curve rises a little to-about 15 lbs at 950° F.-
The 750° F maximum for toluene is increased from about 19 lbs at 300 psig to
about 25 lbs at 900 psig. As previously noted, the 750° F maximum for both
benzene and toluene is about 29 lbs each at the intermediate pressure of 600 psig,
which is the optimum pressure. :

The xylenes curves in Figures 6 and 7 apparently have similar shapes, but.
the maximum yield of about 16 or 17 lbs is displaced from about 750° F at 900
psig to about 600° F at 300 psig. The 600 psig trend for xylenes is similar to that
for 300 psig, with a maximum of 15 or 16 lbs at about 600° F. Apparently at the
higher pressure of 900 psig the temperature must be increased about 150° F to
obtain the same amount of degradation of the xylenes. Presumably the higher
pressure inhibits the cracking of the xylenes.
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At 300 and 600 psig the total aliphatics declined with increasing temperature,
as might be expected on the assumption that the aliphatics in the tar would be
increasingly cracked to gas with increasing temperature. However, as shown in
Figure 7, at 900 psig the aliphatics rose from the value of about 5 lbs at 650° F,
held in common with the 300 psig run at this temperature, to a value of about 7 lbs
at 750° through 950° F, a 40 pct increase. About 2 to 5 lbs aliphatics was typical
for the light oil from this same coal in ordinary low-temperature carbonizations
(3, 4). Presumably at the higher pressure of 500 psig, cracking of the light oil
boiling range aliphatics to gas was suppressed, whereas the higher molecular
weight aliphatics in the tar were broken down to increase the yield of light oil ali-
phatics with increase in temperature. This was demonstrated by conducting urea
extractions on the 900 psig oil products boiling above 200° C. The amounts of n-
aliphatics decreased to the point that none could be extracted.

CONC LUSIONS

1.  The optimum operating conditions for conversion of the combined tar
vapors and liquid low-temperature tar immediately upon being produced from an
hvab coal were a hydrogen pressure of 600 psig and a hydrodesulfurization cata-
lyst temperature of 750° F.

2. Under these conditions about 100 lbs or 14 gallons of gasoline boiling
range light 0il could be obtained per ton of dry ash-free coal. Previous investi-
gations indicate that this is probably a typical yield for low-pressure hydrogenation
with fixed-bed carbonization of hvab coal. Yields would be higher with fluidized- .
bed or entrained-bed carbonization.

3. This colorless, sweet smelling, olefin-free product, which contained
about 70 wt-pct BTX and little or no sulfur, nitrogen, and oxygen might be suitable
for blending in the production of nonleaded gasoline. '

4. The unusually low optimmum hydrogen pressure of only 600 psig for this
particular process would allow substantial reduction in plant cost compared with
other processes in which pressures of 1500 psig, or higher, are required.
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TABLE 3. - Elemental analysis of light oils

Run Weight-percent
No. C H N S
1 Not determined
2 91.9 8.0 0. 08 0.1
3 91.9 8.0 0.08 0. 08
4 89.3 8.8 0.2 0.3
5 87.7. 9.8 0.3 0.4
6 87.6 9.3 0.2 0.3
7 89.0 8.9 0.4 0.2
8 90.7 8.9 0. 05 0.1
9 90.8 9.3 0.02 0.03
10 Insufficient sample for analysis
11 90. 4 9.6 0.0 0. 05
12 86.5 11.2 0.2 0.5
13 87.3 11.1 0.1 0.4
14 89.1 9.8 0.2 0. 05
15 90. 4 9.6 0.02 0. 06
16 90.9 8.8 0.01 0. 04
17 89.8 10.2 0.0 0. 04
18 88.9 10. 6 0.2 0.04
19 88.2 10.8 0.2 0.02
20 89.7 10.0 0.08 0. 03
21 88.3 11.0 0. 08 0. 94
@y ®
ofo & .
o osfly |1 (-t
trap
@9 - ,‘/‘GIasst (Slgaa-gell
Je—H,0
f:;ca('zf' Gas sample
Vent
Coratrst @ Wet-test meter

l'

Ol receiver

FIGURE 1. - Flow Plan of Hydrocarbonization Equipment for

Catalytic Treatment of Tar Vapors and Liquids.
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FIGURE 4. - Effect of Pressure on Yields of Total-and Light
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CATALYTIC HYDROCRACKING OF COAL LIQUIDS
William T. House :
" synthetic Fuels Research Laboratory

Esso Research and Engineering Company -
Baytown, Texas

Introduction

The conversion of coal to gasoline involves removal of mineral matter,
sulfur, nitrogen and oxygen. This is well illustrated in Table I which coﬁpares
the composition of a coal and gasoline. 1In addition the_hydrogen-to—carbon atomic
ratio in gasoline is approximately double that in the coal §o that large amounts
of hydtogen must be added. Coal is a solid from which very little volatile material |
is obtained until cracking temperatures are reached, whereas gasoline boils in a- ] t
relatiyely low temperaturé range. Thus, the iarge, complex coal molecules must’ 1
be broken down into smaller volatile compounds, . o
The coal~to-gasoline process consists broadly of two essentiai steps as
illustrated in Table II. The first step is to convert at least a portion of the i
coal to liquid product. The processes suggested for this range from simple“
py;olysis to non-catalytic hydrogenation td catalytic hydrogenation, all with )
and without a liquid vehicle. A small amount of gasoline range material may be .
- produced in this step, but the liquid product is usually largely higher boiling.
Some of these heavy liquids may be recycled to the liquefaction step, but the re-
mainder must be upgraded to the gasoline r&nge by a subsegquent refining step such
as hydrocracking, which may or may not be followed by reforming. In this paper
the results of catalytic hydrocracking (with and withoﬁt previous hydrofining) of a

400-700°F fraction of liquid obtained through the non-catalytic hydrogenation of

coal are discussed. Much work has been done on hydrocracking of various coal
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liquids 1-14,16,17 and it should be borne in miné that the results are highly
dependent on the coal used initially and the method of liquefaction as well as-
the catalyst used and the conditions employed. An excellent review of hydrogena-

tion of coal and tar was issued by the Bureau of Mines in ;968.1?
Experimental

A simplified schematic diagram of the hydrocracking unit is shown in
Figure 1. The hydrogen treat gas rate was maintained at approximately 8000 SCF
per bafrel of feed. The hydrofined feedstock was spiked back up to its original
nitrogen and sulfur levels with suitable nitrogen and sulfur containing com-
pounds which react quickly at the conditions employed to give ammonia and'
hydrogen sulfide. This was done in order to simulate commercial conditions
of some hydrocracking units wherein ‘the liquid and gas product from the hydro-
finer may be fed directly to the hydrocracker without previous scrubbing.

The properties of the two feedstocks are listed in Table III. The
aromatics contents of the 400°F+ material are considerably higher than those of
typical petroleum hydrocracking feedstocks15 and also higher than those reported
for some of the coal liquidsl4. In addition to the reduction of the orqganic
nitrogen content a good deal of hydrogen addition was accomplished by the hydro-
fining. A large part of the indicated conversions of 400°F* material to 400°F-
was probably due to hydrogenation of aromatic compounds béilinq slightly above

400°F to hydroaromatic and naphthenic compounds boiling sliqhtly below 40N°F,

Results and Discussion

It was found that, over the range of conversions studied, the results
for both the raw (unhydrofined) feedstock and the hydrofined feestock could be
correlated with firs+ order kinetics, i.e.,

~d (400°F+)

= k '(400° n
at k (400°F+) ¢
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This is illustrated in Figure 2 where the holding time was taken as the rgciprocal
of the liquid hourly space velocity in weights of liquid per Qeight of catalyst per
hour. Since the raw feedstock was more resistant to.hvatocgacking, the‘kinetic
' data were obtained at a different tehperature for each. feedstock. It should be
borne in mind that we do not have simple pure compounds here, but complex mixtures;
thus, the correlations with first order kinetics are probably fortuitous. At least
inference of a mechanism from this correlation is probably unwarranted.
Mass spectral data, however, made it possible to  follow the changes in
conceﬁtration of specific molecular weights. Fiqure 3 shows a first—order plot
- for C14H10, which consists of anthracene and phenanthrene énd which.was the
highest molecular weight present in tﬁe feed in any appreciable concentration.
I:-al} probability no hydrocracking of anthracene or phenanthrene occurs as‘a
- first step and the kinetics here represent the rate of the first hydrogenation !
step.
Table IV shows that prior hydrofining has a beneficial effect on the
hydrocracking rate. As mentioned before, the hydrofined feed was spiked back
up to the original nitrogen and sulfur level of the raw feed.
" Experiments have shown that even the hydrofined coal liquid fraction
is considerably more resistant to hydrocracking than are petroleum feedstocks.
This is probably due in part to the higher total nitrogen content. This view
is somewhat reinforéed by the results shown in Tﬁble V. T'This table-compares
the conversions obtained on the respiked hydrofined feed with those obtaine§
‘on the unspiked 400°F+ material recovered.from the product. The higher activity
with the latter feed is probably also partially due to its-higher hydrogen con-
tent.
The beneficial effects of the prior hydrofining are further illusérated
in Figure 4 which shows the Arrhenius tgmperature dependence of the first order
rate constants for hydrocracking both feeds. At 650°F the rates for the two

feeds are approximately the same, but too low to be of interest. The hydrofined
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feed has a hiqhef apparent energy of activation so that, as the temperature is
increased, the benefit of hydrofining. increases. As mentioned earlier, séme
boiling point conversion was obtained in the hydrofining operations, but this
was probably largely due to hydrogenation of aromatic compounds. boiling slightly
above 400°F to hydroaromatic and naphthenic compounds boiling sliqhtly below 400°F.
In the case of the raw feed some conversion of this type also occurs in the hydro-
cracking operation. )

~ Increasing hydrocrackino pressure also has a greater effect on the rate
constant with hydrofined feed than with the raw feed. This is shown in Table VI.
Increasing the pressure from 1500 psig to 3000 psig approximately tripled the rate
with the hydrofined feed whereas the rate with the raw feed was approkimately
doubled.

Siqure 5 shows the chanqelin concentration“of certaip specific molecular

weights and carbon numbers as compared to boiling point conversion and holding
time for poth the raw feed and the hydrofined feed. For the hydrofined feed the
boiling point conversion which is plotted is the sum of that obtained in hydrofinino
and hydrocracking although the holding times are only those for hydrocrécking.
The completely aromatic compounds such as naphthalene, ClOHB' and anthracene and/or
phenanthrene, C. _H.  , were completely converted to saturated and partially satu-

14 10

rated compounds in the hydrofining operation. The total concentration of ClO

compounds remains relatively constant over a wide range of holding time and con- .

version, indicating that C compounds are heing formed from higher molecular

10
weight compounds at approximately the same rate that they are consumed to form
lower molecular weight compounds. Some of the specific molecular weights have
maxima in their concentration vs. holding time curves, indicating that they are
initially produced faster than they are consumed. Benzene is produced in much
hiqher-than-equiiibrium c;;;entrations, indicating that a considerable amount

of cracking of higher molecular weight compounds occurs before they are completalv

saturated.

i
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Table VII shows analyses of some fractions of the naphtha from a
hydrocrécking product from the hydrofined feed. The paraffin content is Qery
low except for the lowest boiling cut which is itself oniy a small fraction
of the naphtha. The high naphthene content should make . this naphtha an excellent
feed for catalytic reforming.

These studies have shown that higher boiling liquids obtained in coal
ligquefaction can be catalytically hydrocracked to the gasoline boiling range under
reasonable conditions although more severe than thosevrequired for petroleum
stocks. Prior hydrofining is beneficial and the advantage increases with in-
creasing hydrocracking temperature and préssure. The higher resistaﬁce to hydro-
cracking of coal liquids is probably largely due to higher nitrogen content. Miss
spectral data indicate that a fair amount of cracking of higher molecular weight'
compounds occurs before they are completely saturated. The naphtha products

should be excellent feedstocks for reforming.
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Table I

Comparison of Coal and Gasoline

Mineral Matter, Wt.
Sulfur, Wt. %*
Nitrogen, Wt. %*
Oxygen, Wt. %*
Hydrogen, Wt.- %*
Carbon, Wt. %*

H to C Atomic Ratio

Boiling Range, °F

® Dry, Mineral Free

%

Gasoline (From Coal)

Coal

13 0

3.4 Tracé
1.3 Trace
10.6 Trace
5.6 12-13
79.1 87-88
0.85 1.6-1.8
N.A. 160~400
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Table II

Process Steps

1. Conversion of a portien of the coal to liquid product. Some gaso-~
line range material but mést heavy liquid.

® Pyrolysis
e Hydrogenation
2. Upgréding of heavy liquids to gasoline range.

@ Hydrocracking

° Cata1§pic reforming



Carbon, Wt. %
Hydrogen, Wt. %
Sulfur, ppn
Nitrogen, ppm
Specific Gravity
400°F-, Wt. %

Sulfur, ppm
Nitrogen, ppm
paraffins, Vol.

Naphthenes, Vol. %

Aromatics, Vol.

400°F+, Wt. %

Sulfur, ppm
Nitrogen, ppm
Saturates, Vol.
Aromatics, Vol.

L

L

%
%
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Table III

Feed Stock Properties

Unhydrofined

89.84
8.33
520
3400
1.0060
6.0

280
2800
0.0
26.5
73.0

94.0

460
3500
2.7
97.3

Hydrofined

89,30
10.45
5 .

0.9402

18.6

2.4
50.1
47.5

81.4

22.8
77.2
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" Table IV

Effect of Hydrofining

Hydrofined Feed

750° F
Raw Peed
Total Nitrogen, ppm 3400
Organic Nitrogen, ppm 3400
First Order Rate Con-
stant, Hr-1 0.25
Table V

3400

5

0.46

Effect of Total Nitrogen Content

675°F
) 400°F+ Material
Hydrofined Recovered from
Feed Hydrocrackate
Total Nitrogen, ppm 3400 6
Organic Nitrogen, ppm ) -5 6
Hydrogen, Wt. % 10.45 11.00

~ 400°F+ Conversion, Wt. % "l

85
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Table VI

Ef fect of ‘Pressure

_ First Order Rate Constant, Hr~1

at 1500 psig

at 3000 psig

Raw Feed

Hydrofined Feed

700

Table VII

Analyses of Naphtha Cuts

650

0.041

0.12

Hydrofined Feed, 30% Total Conversion

Boiling ‘Range, °F

Wt. % of Naphtha
Benzene

Toluene

C_ Benzene

C9 Benzene

CJ _ Benzene

Cli Benzene

Indan

Naphthenes

Paraffins

Condensed Naphthenes
Naphthalenes

IBP-160  160-300  300-350  350-400

3.9 31.0 14.3 50.8
23.1 10.3 0.4
8.0 1.5
9.3 6.0
1.6 10.7
3.1
0
0.1 15.8
61.9 "68.9 35.0
15.0 0.9 0
0.9 27.5
0
100.0 100.0 100.0
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HYDROCRACKING OF AROMATIC - COMPOUNDS

S. A, Qader and G, R. Hil
Mineral Engineering Department
Ihiversity of Utah
Salt Lake City, Utah

Abstract

Dualfunctional catalysts based on Cobalt,Molybdenum and Nickel were
used for the hydrocracking of different types of hydrocarbons and heterg-
cyclic compounds. The interfering effect of heterocyclic compounds on the
hydrocracking of hydrocarbons was studied. The deactivation of the dual-
functional catalysts by some of the heterocyclic compounds was investigated.

Introduct1on

Hydrocrack1ng over dualfunctional catalysts is a versat11e method for
converting polynuclear aromatic hydrocarbons and heterocompounds to lower
boiling compounds. Though hydrocracking has been widely employed for the
processing of petroleum and-synthetic o0ils1-3, the published data on the
hydrocracking of pure aromatic hydrocarbons and heterocompounds are very
meager. Flinn et. al.4 studied the hydrocracking of n-butylbenzene and
tetralin over a nickel sulfide on silica-alumina catalyst and found that
the principal reactions occurring were ring opening, dealkylation and
dehydrogenation. Sullivan et. a1.9:6 investigated the hydrocracking of
different types of aromatic hydrocarbons over a nickel sulfide on silica-
alumina catalyst and reported the occurrance of the 'paring reaction' which
involves the removal of methyl groups attached to aromatic nuclei and their
elimination as light isoparaffins with no loss of aromatic rings. They also
reported the isomerization and cyclization of side chains to varying
degrees forming indane type of structures. In this communication, the data
on the hydrocracking of different types of polynuclear aromatic hydrocarbons

-over several dualfunctional catalysts are presented. The effect of the
presence of sulfur, nitrogen and oxygen .compounds on the conversion of
aromatic hydrocarbons is reported.

Experimental

Pure grade hydrocarbons and heterocompounds were used for hydrocracking.
The catalysts contained 20% by weight of oxides of molybdenum, cobalt and
nickel on silica-alumina. The quantity of the catalyst used was 25% by
weight of the reactants unless otherw1se ment1oned

Equipment: The hydrocracking work was done in a batch autoc]ave of
300 c.c. provided with all controlling and recording devices.

Hydrocracking procedure: Experiments were carried out with 10 gm
of the hydrocarbon and heterocompound mixture with varying amounts of the
catalyst at 475°C. The hydrogen to hydrocarbon mole ratio was maintained
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at 15.51 and 21.57 in case of naphthalene and anthracene respectively. The
starting (cold) pressure was kept constant at 1000 p.s.i. and the final
pressure varied between 1700-1800 p.s.1i.

Results and Discussion

Synthetic crude oils produced from coal contain large quantities of
aromatic hydrocarbons and heterocyclic compounds. The processing of these
crudes mainly involves the conversion of aromatic hydrocarbons in.ad mix-
ture with aliphatic hydrocarbons and heterocompounds. A better under-
standing of the conversion of polynuclear aromatic hydrocarbons alone and
in ad mixture with heterocyclic compounds to lighter products will be very
useful in the development of efficient processes for the processing of
synthetic crudes. The conversion of polynuclear aromatic hydrocarbons .
to lower boiling products can best be done by hydrocracking over dualfunc-
tional catalysts. The aromatics have to be either partially or completely
hydrogenated before they can crack to lighter products. Therefore, the
temperature, hydrogen pressure or concentration and the activity and
selectivity of the catalyst control the product distribution of the
hydrocracking reaction. The data in Table I shows that the conversion
of naphthalene increased with reaction time up to 2 hours. The yields

. of gas and coke and hydrogen consumption increased with naphthalene

conversion. Alkylation of naphthalene took place during hydrocracking

to a significant extent. The low concentration of decalins and saturated
C5-Cg hydrocarbons in the liquid product indicates that naphthalene was
main?y hydrogenated to tetralin but only to a small extent to decalin.

The activity and selectivity of the dualfunctional catalyst depend
upon the relative amounts of the hydrogenation and cracking components.
The data in Table II shows that a MoO3 content of 20 to 25% is optimum
to get maximum hydrogenation and cracking functions. The total conversion .
also depends upon the hydrocarbon to catalyst ratio as shown by the data
in Table III. Maximum hydrogenation activity was obtained at 25% of
catalyst whereas cracking reached a maximum at 15%. Hydrogen concentration

~also plays an important part in the hydrogenation-cracking system as shown

in Table IV. Both the hydrogenation and cracking increased with hydrogen
concentration. The gas yield increased while the coke yield decreased
slightly. Higher hydrogen concentration also increased the formation of
decalin from naphthalene as can be seen from the higher concentrations of
decalins and saturated C5-Cg hydrocarbons in the liquid product.

As mentioned earlier, synthetic crudes contain large quantities of
oxygen, sulfur and nitrogen containing compounds and it is of interest to
know the effect of their concentration on hydrocarbon conversion. The
effect of phenol on the conversion of naphthalene is shown by the data in
Table V. The conversion of naphthalene increased with the phenol content
up to 20%. However, the cracking activity was not affected even at 30% -

. phenol though the hydrogenation activity decreased to some extent. The

yields of gas and coke decreased and the yield of liquid product increased.
The data indicates that the presence of phénol up to about 30% improves
the hydrocarbon conversion. On the contrary, the presence of carbazole and




quinoline reduced naphthalene conversion (Tables VI and VII) to a significant
extent. The effect was more pronounced at higher nitrogen contents. However,
the yields of gas and coke decreased at higher nitrogen concentrations. The
effect of the presence of dibenzothiophene on naphthalene conversion is

shown by the data in Table VIII. 1% sulfur improved naphthalene conversion
but a sulfur content cf 2% .«d above, decreased the conversion significantly.
The gas yield decreased while the coka yieid increased. . Like dibenzothio-
phene, n-hexyl mercaptan and diethyl sulfide also improved naphthalene
conversion (Table IX§ when they were prasent tn the extent of 1% sulfur.

Anthracene was hydrocracked under similar conditions as naphthalene
and the effect of reaction time on conversion is shown by data in Table
X. Hydrogenation of anthracene reached a maximum of 95% at one hour while
the. cracking increased with reaction time up to 3 hours. In contrast to
naphthalene hydrocracking, anthracene cracking produced more ccke but less
gas. The main products were the partially hydrogenated anthracenes and
naphthalenes. Small amounts of tetralins and decalins present in the
product indicate that either more hydrogenation activity is necessary for
converting anthracene to monoring compounds as compared to naphthalene or
anthracene hydrocracking has to be carried out in several stages.

The hydrocracking product distribution depends upon the type of cata-
lyst used. Naphthalene and anthracene were hydrocracked over catalysts
containing oxides of cobalt, molybdenum and nickel and the data are given
in Tables XI and XII. In case of naphthalene hydrocracking, all the three
catalysts affected similar naphthalene conversions of about 74 to 75%.
However, cobalt and nickel exhibited slightly more hydrogenation and
cracking activities and yielded more gas. The coke yield was more in
case of molybdenum. Almost similar results were obtained with anthracene
except cobalt exhibited more hydrogenation and cracking activity when com-
pared to molybdenum and nickel, the latter exhibitjnhg similar activities.
Molybdenum yielded more coke.
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TABLE !

EFFECT OF REACTION TIME ON NAPHTHALENE CONVERSION

Catalyst: Molb. cn Silica-aiumina

Reaction Time, Minutes

30

Product Distribution, wt, %
Gas

Coke

Naphthalene

AlkyInaphthalenes

Tetra]iﬁ

Alkyltetralins

Decalins

Saturated hydrocarbons (Cé-Cs)
Alky 1benzenes

Hydrogen Consumption

Naphthalene Conversion

" Hydrogenation

Hydrocracking

6.1
3.8
49.6
6.3
1.7
8.1
Traces
1.4
13.0
3.1
441
C 44,1
24,3

15.5.

10.3

38.7

74.2
74.2
60.9
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TABLE 11

EFFECT OF Ho0, TONIENT ON NAPHTHALENE CONVERSION

Catalver,

Resction Time: 120 Minutes

MoO3 Content, Wt. %

Product Distribution, Wi, #
Ga§

Coke

Naphthalene
Alkyinaphthalenes

Tetralin
‘ATkyltetra1ins

Decalins .

Saturated Hydrocarbons (65466)
Alky]benzenes

Hydrogén Consumpticn
Naphthalene Conversion
' Hydrogenatién '

Hydrocracking

37.

67.6

67.6
54.0

20

IN% by Weiuht of Naphthzlens

1.

5.
21
10.

0

2

2

5

25

35

10.5

4.9
20.7
12.0
10.7

[aN]
(=21
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EFFECT OF CATALYST CONCENTRATION ON NAPHTHALENE CONVERSION
Reaction Time:

Cataiyst: MoOg on Silica-alumina

Catalyst Wt. % of Naphthalene .

Product Distribution, Wt. %
Gas

Coke

Naphthalene
A1ky1naphtha1enes

‘Tetralin

Alkyl tetralins

Decalins

Saturated Hydrocarbons (CS"CS)
Alkylbenzenes

Hydrogen Consumption

. Naphthalene -Conversion

Hydrogenation

Hydrocracking
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TABLE III

120 Minutes

10 15 20 25
10.5 13.0 12. 12.9
5.2 5.7 5. 7.6
21.2 9.2 16. 15.5
11.0 8.5 11. 10.3
1.7 9.6 8. 7.8
1.1 1.4 2. 4.2
1.0 1.1 0. 1.3
1.2 0.8 1. 1.7
37.1 40.7 40. 38.7
4.1 4.2 4, 4.5
67.8 72.3 72. 74.2
67.8 72,3 72. 74.2
54.0 60.2 61. 60.9



TABLE 1V

EFFECT OF HYDROGEN CONCENTRATION ON NAPHTHALENE CONVERSION

Hydrogen/Naphthalene Mole Ratio

Prdduct Distribution, Wt. %
Gas
Coke
Naphtha]ene
AlkyTnaphthalenes
“Tetralin
Alkyltetralins
Deca]ins.
Saturated Hydrocarbons (Cs-Cé)
Alkylbenzenes
Hydrogen Consumption
Naphthalene Conversion
Hydrogenation

Hydrocracking

16.
11.

40.

72.
72.
61.

N O N B>

.

20.68

15.0
4.8
15.2

o o [5,]
. " °
[pV]

45.7

79.1
79.1
69.6
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/ TABLE V
v EFFECT OF PHENG! ON NAPHTHALENE CONVERSTON

Reartion Time: 680 Minutes

Cotaiyst: 51003 on Stlies - iina

X

’ "~ Phenol Content, Wt. % 6o 10.0 20.0 30.0

T Product Distribution, Wt. %

' Gas ) 10.4 9.0 - 8.5 7.6
Coke o : 5.8 4.2 4.0 4.0
Naphthalene \ ' 16.7 16.6 15.6 14.3
Alkyinaphthaienes 16.7 13.6 9.5 14.3
Tetralin . : 9.6 9.5 9.9 . 10.2
Alkyltetralins . - . 5.1 3.0 . 5.8 - 2.6
Decg]ins o 1.3 1.1 1.8 . 0.9
Saturated Rycd:ocarbons (C5-C6\ n.7 4.0 5.4 ' . 6.6
ATkylbenzenes 3.7 39.0 39.5 39.5

[ ' Naphthalene Conversion 66.6 65 8 7.9, . 714

. Hydrogenation 66.6 £53.8 ' 74.9 71.4

' Hydrocracking 50.6 6.2 57.4 57.7
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TABLE VI

EFFECT OF CARBAZCLE ON NAPHTHALENE CONVERSION

Catalyst: M304 on Silica~alumina

Nitrogen Content, Wt. % Naphthalene

Product Distrjbution; Wt. %
Gas ' '

Coke

Naphthalene
AlKylnaphthalenes

“Tetralin

Alkyltetralins

Decalins

Saturated Hydrocarbons (Cg-Cg)

Alkylbenzenes
Naphthalene Conversion
Hydrogenatiqn"

Hydrocracking

0

10.

16.
16.

33.
66.
£6.

0

(3]

7

3.0
38.2

12
%6.9
0.4

;Traces

1.0
16.2
54.6
54,6
7.3

[aV]
o

5.1
2.6

41.6

5.9
28.7
- 0.2

0.1
0.3
15.5
52.5

52,5
23.5
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TABLE VII

EFFECT OF QUINCLINE ON NAPHTHALENE CONVERSION

Catalyst: MoO3 or: Silica-alumina

Nitrogen Content, Wt. % of Naphthalene 0.0

Product Distribution, Wt. %
Gas

Coke

Naphthalene

A]kylnaphthalenes

Tetralin

Alkyltetralins

Decalins

Saturated Hydrocarbons (CS'CG)
Alkylbenzenes

Naphthalene Conversion

- Hydrogenation

Hydrocracking

~10.4
5.8
16.7
16.7

33.7

66.6
66.6
'50.6

8.8
2.7
33.4

7.3
20.0
2.1

Traces
1.7
24.0
59.3
59.3
37.2

A4,
44,
26.

o »n w v © ©o o »~

(= R =

~




EFFECT OF DIBENZOTHIOPHENE ON NAPHTHALENE CONVERSION
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TABLE VI

Reaction Time:

Catalyst: MoO3 en Silica-Aluming

Sulfur Content:

11

60 Minutes

Wt. % of Naphthalene 0.0 1, 2.0
Product Distribution, WE. %
Gas 10.4 9. -8.9
Coke 5.8 6. 6.4
Naphthalene 16.7 14, 17.4
Alkylnaphthalenes 16.7 16. 16.6
Tetralin 9.6 1. 1.4
Alkyltetralins 5;1 2. 3.8
Decalins 1.3 1. 1.0
Saturated Hydrocarbons (C5-C6) 0.7 1. 1.2
Alkylbenzenes 33.7 35. 33.3
Naphthalene Conversion 66 .6 68. 66.0
‘ Hydrogenation 66.6 68. 66.0
Hydrocracking 50.5 52.7 49.8

15.0
24,4
.1

30.5
60.6
60.6
46.1

s s ol o i m o
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TABLE IX
EFFECT OF DIFFERENT SULFUR COMPOUNDS ON NAPHTHALENE CONVERSION
Sulfur Content: 1'.0% by Weight of Naphthalene

Catalyst: MoO3 on Silica-alumina

Hydrocracking ‘ ' 52.

Dibenzo-~ n-Hexy1 ' Diethyl
Sulfur Compound tniophene mercaptan Su]fidg
Product Distribution, Wt. %
Gas : 9.0 9.8 10.5
Coke 6.1 4.2 5.0
Naphthalene ' 14.8 16.4 16.3
Alkylnaphthalenes 16.6 14.0 12.6
Tetralin . _ RIS 10.6 1.9
Alkyltetralins ‘ 2.9 3.4 6.0
Decalins ‘ o 1.5 1.7 1.2
Saturated Hydrocarbons (CS-CG) 1.9 1.7 1.0
A]ky]beﬁzenes_ . 35.7 38.2 35.5
. Naphthalene-Conversion .68,6 69.6 7.
Hydrogenation : '68.6 . 69.6 71.1
7 53.9 52.0




EFFECT OF REACTION TIME ON ANTHRACENE CONVERSION

TABLE X

Catalyst: Mo(),5 on Silica-slumina

Reaction Time, Minutes

Product Distribution, Wt. %
Gas

Coke

Anthracene

Hydroanthracenes
Naphthalenes

Tetralins and Decalins .
Alkylbenzenes

Anthracene Conversion
Hydrogenation

Hydrocracking

&0

13.5

34.8
N0

95.1
95.1
 60.3

120

5.8

- 14.1

555

30.2 .

30.5

3.1
10.8
94.5
94.5
64.3

180

6.8
15.2
5.4

. 23.6

30.6
5.3
13.1
94.6
94.6
7.0



TABLE X!

NAPHTHALENE CONVERSION WITH DIFFERENT CATALYSTS

Reaction Time. 120 Minutes

Capalt Molybdenum Nickel
Oxide Oxide Oxide
Catalyst {Co0) {Mo03) (NI0)

Prodqct Distribution, Wt. %
Gas ' ' 15ué 12.9 15.4
Coke 5.6 7.6 7.0
Naphthalene 13.5 15.5. 13.1
Alkylnaphthalenes 11.3 10.3 1.5
Tetralin 4.9 7.8 6.6
Alkyltetralins 2.0 . 4.2 1.7
Decalins 4.9 1.3 3.3
Saturated Hydrocarbons (CS-CG) ] 3.0 1.7 2.0
Alkylbenzenes . 38.6 38.7 39.4
Naphthalene Conversion ) 75.2 74.2 75.4
Hydrogenation 75.2 74.2 75.4
Hydrocracking 63.4 60.9 63.8
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TABLE XIl

ANTHRACENE CONVERSION ON DIFFERENT CATALYSTS

Hydrocracking 69,2

Rea~tian Time: 120 Minutas

. Conalt Motybdenum Nickel
Catalyst _Oxide Oxide Oxide

Product Distribution, Wt. %
Gas | 7.2 5.8 6.2
Coke 1.0 14.1 12.2
Anthracene 4.8 5.5 4.7
Hydroanthracenes 26.0 30.2° 30.9
Naphthalenes 32.1 30.5 32.3
‘Tetralins and Decalins 4o 3.1 2.8
Alkylbenzenes _ 14.9 10.8 10.9
Anthracene Conversion - 95.2 94.5 95.3
Hydrogenation - 95.2 94.5 95.3
64.3 64.4
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A PROCESS FOR DRY HYDROGENATION OF LOW RANK COALS
WITH HIGH YIELDS OF PHENOLICS

“Charles W. Albright and Hubert G. Davis

Union Carbide Corporation
Research and Development Department
- Chemicals and Plastics
: P.O. Box 836l .
South Charleston, West Virginia 25303

INTRODUC TION

The available methods for converting coal into gaseous or liquid fuels
or chemicals are generally forms or combinations of three basic processes.
These are pyrolysis or carbonization, hydrogenation, and CO-H, synthesis gas
productmn with further conversion of the synthesis gas if desired. The doubtful
economics and precarious existence of the forms which these basic processes have
taken stem from several factors. Low-temperature carbonization produces a
crude tar product in low yield and must be coordinated with a power-plant requiring
the residual-coke or char. High-pressure hydrogenation, as in the tommercialized
German Bergius process, is technologically difficult, requires heavy investment
per barrel of crude product, and consumes large amounts of expensive hydrogen
from synthesis gas. The handling of the pulverized coal as a slurry in heavy re-
cycle !'"pasting'' oil is a complicating feature. The various CO-H, syntheses, such
as the Fischer-Tropsch process, require high investment in both synthesis gas
production and the synthesis step itself.

In seeking a more economically attractive route to products from coal,
we have studied the pyrolysis of coals under mildly hydrogenating conditions in the
absence of a liquid vehicle; i.e., ina fluidized bed of solid particles of coal and
reacted char. Welooked for coals that gave attractive yields of tar by carbonization,.
we investigated regions of low hydrogen consumption to minimize the cost and we
accepted an incomplete conversion of coal substance to gas and liquid product with
the char by-product treated as the basic fuel for plant operation, As a chemical
company we were seeking chemical rather than energy products and were particular-
ly interested in the potentially high phenolic yields obtainable from low-rank coals.

Dry hydrogenatlon of coal w s investigated briefly and appa tly abort-
1ve1y in Germany during World War 11{1)., The U.S. Bureau of Mmes followed
up this work immediately after the war and coined the term hydrocarbomzation
which we use in this report. The Bureau describes their effort to develop a process
by hydrocarbonization as an alternate to the Bergius process for the production of
liquid fuels from coal. However, there seems to have been no major effort at ex-
ploitation of this work at any later time,

The work reported here is primarily based on a bench-scale experimental
effort (about one pound of coal per hour) carried out several years ago mainly with
a Wyoming, subbituminous C coal from Lake de Smet. Two scale-ups were also
successfully operated, at about 10 and about 1500 pounds per hour. Each of these
scale-ups produced its own operating problems. But in each case these were sur-
mounted and operability and yields equivalent to those from the bench-scale oper-
ation were achieved. Several other coal feeds were studied. Wyoming (subbitum-
inous C) from Wyodak, Texas Lignite, and North Dakota Lignite were essentially
equivalent to Lake de Smet coal. Elkol and Brilliant Wyoming coals and weathered
Pittsburgh:No. 8 were less satisfactory but could be handled.
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EXPERIMENTAL

Apparatus (Bench-Scale Unit) .
The bench-scale hydrocarbonization unit as it finally evolved is shown
in Figure 1. Its nominal capacity is 1.0 1b/hr of 40-100 mesh coal.

The system consists of the following major items: -

Coal Feed Hoppér - sized to hold about 3500 grams of coal, enough for
6-10 hours operation. Constructed from schedule 80, 3-inch carbon-steel pipe,
4 feet high. : :

Calibrated Therimal-Feed Rate Device - a miniature heat exchanger to
indicate a rough coal feed rate,

Calibrated Vibratory Coal Feeder - based on a chicken-feeder principle
for gas flow to pick - up a controlled amount of coal.

Fluidized Reactor -, stainless steel, l-inch I.D., 1/4-inch wall thick-
ness, 9 inches high with expanded head 18 inches high made of 2-inch schedule
80 pipe. Char:overflow line and vapor outlet made from l-inch schedule 80 pipe.
A 1/4-inch thermowell is installed in the center of the reactor. .Thermocouples
are located one.inch, four inches, seven inches and twelve inches from the.
bottom of the reactor. The lower three thermocouples are in the fluidized carbon-
ization bed while the upper one is in the vapor space above the bed. The reactor
is equipped with four independent electrical heating circuits, one each for the.
reactor, the expanded head, the vapor outlet line, and the char overflow line.

" Char Receiver - a duplicate of the coal feed hopper.

Steam-Cooled Primary Condenser - stainless steel, !-1/2-inch, schedule
80, 22 inches long with a 2-inch steam jacket.. .

Water-Cooled Con&enser - ca’rbbn steel, l-inch, schedule 40, 44 inches
high with a 1-1/2-inch jacket.

Ic',e,-Water-Cooled'C ondenser - duplicate of water-cooled condenser.

Operating, Sampling, and Analytical Procedures :

The feed coal was removed from a vacuum drier at ambient temperature
and a weighed sample was charged to the feed hopper. Meanwhile, fine adjustments
of the current to the electrical heating elements brought the various parts of the
unit to the target temperatures. The unit was pressurized and gas flows at target
conditions were established. The run was then started by opening the shut-off
valve in the line separating the feed hopper from the coal feeder and starting the
Syntron vibrator which was attached to the coal feeder body. Prior to starting the
coal-feed, the current to the electrical heating element on the thermal feed-rate
device had been adjusted to a level such that the thermocouple indicated a temper-
ature of 140°C. After establishing coal flow, the cold coal flowing through the tube
from the hopper to the feeder conducted heat away from the metal core of the feed-
rate device and the thermocouple temperature lined out at a lower level. Calibration
of the feeder, prior to experimental runs, showed that a temperature level of about
100°C. would result jn a coal feed rate of about one pound per hour, the desired rate
for the majority of the experiments. The amplitude of vibration to the feeder was,
therefore, varied to adjust the temperature to the 100°C. level. The feeder device
works on the principle of a ''chicken feeder''; i.e., the gas flowing across the
supply of coal in the enlarged part of the body below the cut-off tubing eats away
the coal which is continuously replaced by coal from the hopper. The function of
the vibrator is to ruffle the coal interface so that more coal will be picked up as
the amplitude of vibration is increased. '
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The vibrations also insure that the down-tube from the coal hopper remains full.
Minor feed-rate adjustments of about 50 grams on a base of 450 grams per hour
could be achieved by changing the amplitude of vibration. During the run, the
quality of fluidization was monitored by the temperature spread in the bed as indi-
cated by a spread, top to bottom, of about 10°C. It was desirable to have good
fluidization with the minimum of fluidizing gas in order to minimize char carryover.
Therefore, the gas flow to the unit was generally reduced to a point where a slight
temperature spread in the bed developed, then the flow was increased in small in-
crements until the spread disappeared. To achieve equilibrium at target operating
conditions required about 10 minutes,

A composite gas sample was collected at a constant ‘rate by liquid d1s-
placement throughout the run. Spot gas samples were also taken.

Normally, with minor adjustments, the runs proceeded until the coal
feed-hopper was empty. This point was rapidly indicated by a sudden increase in
the temperature of the thermal feed-rate device. With the termination of the ex-
periment, .the unit was closed in at pressure, gas flows stopped, electric circuits
turned off and the unit was allowed to cool overnight.

The char receiver was drained and the char weighed to determine the
char yield. It was found that the char ignited spontaneously at room temperature
in an open container. It was therefore stored in a drum pressurized with nitrogen.

The condensers were drained into a common receiver jar and a net
liquid gross product weight was determined. The entire liquid product was then
filtered and charged to a 1-inch I.D. by 20-inch-high glass distillation column
packed with 1/4-inch protruded packing. The char filter cake weight was determined
after it was dry and this weight, between 15 and 30 grams, was added to the char
yield.

The product was then stripped of water by distilling at atmospheric pres-
sure. and on total make to a kettle temperature of 200°C. Some oil azeotroped with
the water and was subsequently separated by decantation and returned to the kettle
after it cooled. The tar was then cut into four fractions as follows:

(1) IBP to 130°C. at atmospheric pressure and a 3 to 1 reflux ratio.
(2) 130-260°C. light oil, at 50 mm and a 6 to 1 reflux ratio.
(3) 260;340°C. middle oil, at 10 mm and a 3 to 1 reflux ratio, and

(4) Residue, boiling >340°C. and consisting of the ‘heavy oil and pitch. .
In some runs the heavy oil (340-350°C. at 10 mm) and pitch
fractions were determined by a Vigreux distillation.

The analyses performed on the various samples, for the most part, are
standard or well-known and it is not necessary to document them here. However,
there was one special analytical development during the course of the experiments,
i.e., the determination of the concentration of various tar acids boiling through
" the xylenols, without separation from the neutral oil, by a gas chromatographic
technique. This method of determining at least a partial distribution of phenolics
in raw light oils from coal carbonization, etc., can be extremely useful in following
effects of changes in processing. With a column packed with Chromosorb coated
with Apiezon N stopcock grease, or with similar neutral columns, the order of
elution is: Phenol; o-cresol; m-p-cresols; o- ethylphenol; 2, 5- xylenol; 2, 4-
xylenol; 2, 3- xylenol, m-p- ethylphenol; 3, 5-xylenol; and 3, 4- xylenol. 2, 6-
Xylenol is eluted somewhere between m-p-cresol and o-ethylphenol, and m-p-ethyl-
phenol about:the same time as 2, 3-xylenol. M- and p-cresol are unresolved, and
the nine ethylphenols and xylenols give at most six incompletely resolved peaks,
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some of which may also contain small amounts of C3-phenols. Nevertheless, con- .
siderable information concerning a sample may be obtained by this simple form of
chromatography, certainly enough to follow substantial changes in distribution. In-
terference from hydrocarbons present is corrected for by a comparison with the chro-
matograph of a typical neutral oil, prepared by extraction of product oil with caustic.

Protection of Coal from Oxidation :

In the preliminary experiments with Lake de Smet coal, an important
lesson on handling the coal was learned. It was found that extreme care was neces-
sary in order to prevent oxidation and obtain truly representative yields from this
low-rank coal. The precautions decided upon as a result of the preliminary work
were used in succeeding experiments with Lake de Smet coal.

A sample of Lake de Smet coal was obtained by core-drilling south of the
lake on property of the Northern Wyoming L.and Company. The sample of coal was .
carefully protected for shipment by placing the wet cores in polyeéthylene bags and
surrounding the bags with wet core-cuttings in a wooden packing box. On arrival at
the research laboratory, an aliquot sample of the cores was taken, partially dried N
at ambient temperature in a vacuum desiccator, ground and analyzed. The remain-
ing core samples were placed in a commercial vacuum drying oven and-dried over-
night at 50°C. The cores were then ground to yield sufficient 40-100 mesh coal for N
two experimental runs,

The analysis of the aliquot sample, the sample prepared for experimental *
use and an analysis reported by the United States Bureau of Mines, Denver, Colorado,
are shown in Table I. The operating conditions and the product yields are shown in
Table II. :

The yield of tar from the experimental supply of Lake de Smet coal was
only 5,9% MAF coal when carbonized in an inert atmosphere as shown in Column 1,
Table II. This compares with a 10.9% yield reported by the U.S.B.M., shown in
Column 4, The respective char yields were 76.6% and 68.4%. Furthermore,
Column 2 shows that in a hydrogen atmosphere, at a hydrogen partial pressure of
320 psi, the tar yield increased to only 8.9%. We had anticipated a tar yield of
about 17% as shown in Column 3. The respective char yields were 68.9 and 57.0%.
Turning to the ultimate analyses given in Table I, it is apparent that the experimental
supply of coal lost hydrogen, down from 5.3 to 4. 3% and gained oxygen, up from 19.1
to 20.3% during the drying and grinding operations., The adverse effect of oxidation
on the tar yields from these preliminary experiments shows that extreme care is
required in hahdling the coal in order to obtain truly representative yields,

After this experience the following procedure was used to prevent oxi-
dation of the feed coal. The Lake de Smet coal was received from Wyoming in
drums with the coal completely submerged in water. As needed for a series of
experiments, lumps of coal were removed from the water and placed in the vacuum
dryer. The coal was dried initially to a moisture level between 20 and 25%, the
drying-time required being determined by trial and error. (The coal as mined has
a 307% moisture content). The vessel and the partly dried coal were then allowed
to cool to ambient temperature prior to breaking the vacuum and removing the coal.
The partly-dried coal was ground and screened to obtain a maximum yield of coal
" in the range of 40-100 mesh, This was the size of coal used throughout the experi-
ments. The minus 100 mesh was rejected in order to minimize char carryover
with the vapors from the fluid bed into the condensers. Between runs, the partly
dried ground coal was stored in sealed drums under positive pressure supplied by
high-purity nitrogen cylinders. :

The day before a run was to be made, sufficient coal for making the run
(about 4000 grams) was removed from the nitrogen-pressurized drum and charged
to the vacuum oven for final drying at 50°C. About 6 hours were required to reduce
the moisture content from 20-25% to about 1-3%. The oven was allowed to -cool be-
fore the coal was removed.
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EXPERIMENTAL RESULTS

The experimental results p?‘esented in this paper are all based upon Lake
de Smet, Wyoming, coal. This unusual coal formation exists in the form of .2 lens
of coal lying near the surface and with thickness up to 200 feet., At some time in the
past the coal has partially burned out, forming a basin now filled with water and
known as Lake de Smet. The coal is of subbituminous C rank, with a heating value
of about 7, 000 B.t,u. per pound as mined. Because the thickness of the seam and
the relatively modest overburden make for low-cost mining, the deposit'is a potential
cheap source of raw material.

A typical analysis of Lake de Smet coal is:

Ultimate Analysis, Wt. % on Moisture-free and Ash-free Basis

C 7
H
N
]
O (by difference) : . 2
Ash, dry basis 1

\lOb—'b-'U’!N
MR
oo~k UnNo

North Dakota and Texas lignites, and Wyodak, another Wyoming sub-
bituminous C coal, have similar analyses and give almost identical results.

Comparison of Hydrocarbonization with Carbonization

It is clear from the data presented, and the comparison given with carbon-
ization in nitrogen, that hydrocarbonization differs substant1a11y and quantitatively
from carbonization. There is considerable reaction with hydrogen, the yield of tar
is roughly doubled, the proportions of light oil and of -230°C. phenols in the tar are
increased. The following short table summarizes the main differences. Before
any experimentation on Lake de Smet coal, yields of tar from hydrocarbonization
were predicted from the Bureau of Mines carbonization data with factors estimated
from German and Bureau work on dry coal hydrogenation. At 1000 psi, 525°C. and
8 minutes coal residence time a tar yield of about 25% was predicted. Coal resi-
dence time is defined as the time required to fill the reactor with fresh coal feed.

Carbonization Carbonization By Hydrocarbonization
Yields as Wt. % in N, Parry Process This Work
MAF Coal " _This Work USBM Dataf3) 1.6% H, Reacted
Char 67 67 s 49
Tar 12 12 25
Gas 9 8 14
Water 12 13 14
€260°C., Light Oil 4 3. 10
<230°C., Phenols 2 ‘ 1.5 5.2
Phenol ' 0.5 0.5 1.9

A decided advantage of hydrocarbonization is the possibility of recycling
products, especially phenolics, to the reactor and reducing their molecula> weight
to the range desired - to phenol if necessary. Even in a straight carbonization plant
enough facility and hydrogen would probably have to be supplied to carry out this
hydrocracking step.

Effects of Operating Variables

Effect of Temperature
Operating temperatures of 478 to 567°C. were studied W1th hydrcgen
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partial pressure and coal residence time held approximately constant at 00 psia
and 9 minutes, respectively, Figure 2 shows the dependence of hydrogen consump-
tion on the temperature variable and Figure 3 shows the yields. Figure 4 shows
that at temperatures much above 520°C. rapid increase in hydrogen consumption
does not result in significant increases in tar yield. Actually the curve drawn in
Figure 3 indicates a maximum tar yield at about 540°C.

Effect of Hydrogen Partial Pressure

The partial pressure of hydrogen was varied in the range 0 to 940 psia
with temperature and coal residence time held at about 540°C. and 8 minutes,
respectively. Figure 5 indicates a roughly linear dependence of hydrogen con-
sumption on partial pressure. Figure 6 shows that tar rises proportionately. A
single experiment at 1500 psi indicated that the yield of tar is still an increasing
function of pressure above 1000 psi.

Effect of Coal Residence Time N
Figure 7 shows the effect of coal residence time at constant temperature .
and hydrogen partial pressure (about 900 psia). The shape of the curves we have
drawn, at low residence times, is roughly that of a typical first-order reaction.
Rate constants can be estimated by assuming each curve approaches some maxi- \
mum hydrogen consumption., This is shown for 540°C, where 3.5% hydrogen con-
sumed is arbitrarily called '"complete reaction.' Figure 8 shows product yields
at 540°C. as a function of residence time, At this temperature there islittle or \
no gam in tar yield after about 8 minutes, although hydrogen consumption contmues
to rise.

Effect of Ash and Water ]

Batches of Lake de Smet coal from two sections of the area had quite : \
different ash contents, The results plotted in Figure 9 show that the low ash sample
was slightly less reactive, perhaps indicating some catalytic activity in the ash.

Batches of L.ake de Smet coal dried to various water contents were also
studied, but no differences noted.

Composition of Gas, Tar, and Char Products

Gas: Table III shows typical gas product analyses under mild and severe
hydrocarbonization conditions. In both cases the B.t.u. content is high and there
are potential chemical values.

Tar: Table III also gives typical analyses for tars from the same experi-
ments, QOur particular interest is in the phenolics content and distribution, The
tar acid distribution seems to be fairly insensitive to the sever1ty of hydrogenation
and there is a surprisingly high content of phenol itself,

Char: The ultimate analyses of the chars for the runs are given in Table
III. There is still some oxygen in the char at the higher severity, although other
experiments have shown this to approach zero at. shghtly higher temperatures or
longer residence times. There is about 4% hydrogen in both chars. In general we
have found the hydrogen content to be relatively independent of operating conditions.

Hydrocarbonization Under Mild Conditions

Studies under very mild hydrocarbonization conditions showed that a high
percentage of the tar and phenolic value could be recovered with very low hydrogen
consumption at a hydrogen partial pressure of about 300 psi. For example a 5.1%
light oil tar acid yield was obtained with only 1.4% hydrogen consumption. The
yield of phenol was 1.8%. This compares to a light oil tar acid yield, at 900 psi
hydrogen partial pressure, of 5.7% of MAF coal. However, the hydrogen consump-
tion was 2. 2% and the phenol yield was 1. 6% MAF coal. Sincea major cost factor
in the process is the consumption of hydrogen per unit of phenolics produced,
a mild condition of hydrocarbonization is probably economically desirable.
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TABLE I

PROPERTIES OF LAKE DE SMET COAL

Denver Stétio'n,

Aliquot Sample Experimental -

Proximate Analysis, Wt. % as Received Sample USBM, Run 146
Volatile Matter 33.8 38.2 28,2
Fixed Carbon 35.8 45.9 30.9
Moisture 19.3 1.5 24.8
Ash 11.1 14.4 . 16.1

Ultimate Analysis, Wt. % MAF Coal '

C 72.4 72.2 70.2

H 5.3 4.3 5.5,

N 1.6 1.5 - 1.5

S ’ 1.6 1.7 0.7

O (by difference) 19.1 20.3 22,1
TABLE II

CARBONIZATION AND HYDROCARBONIZA TION

OF LAKE DE SMET COAL

Fluidization Gas

Pressure, psig

Temperature, °C.

Hydrogen Partial
Pressure, psi

Char
Tar
Gas
Water'

Hydrogen

Operating Conditions

U.S.B.M. Denver
Station, Run 146

Estimate*
Nitrogen Hydrogen Hydrogen
200 400 400
515 515. 515
nil 320 320

Yield, Weight % MAF Coal

76.6 68.9 57.0
5.9 8.9 . 17.0
9.0 11.6 15.0
8.5 1.5~ 12.0
- -0.9 _-1.0

100.0 -100.0

100.0

Nitrogen
Atmospheric

500

nil

68. 4
10.9
8.4

12.3

100.0

* Estimated by interpolation of German and USBM data on low-rank coals.
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TABLE III

Hyd rocarbonization

Temperature, °C.

Operating Conditions

Hydrogen Partial Pfessure, psi

Residence Time, Minutes

Char

Tar

Water

Gas

Hydrogen
Unaccounted for

Gas Composition, Volume %, H, Free

560
310
8.2

Yields, Weight % MAF Coal

Mild

50. 4
21.3
13.2
16.0
-1. 4

0.5

100.0

’ Component
Methane _

Ethane
Propylene
Propane
Butenes
n-Butane
i-Butane

CSI s

CO

CO,

H,5

Molecular Weight
Wt. % Hydrogen in Gas

Fraction, From-to, °C.

IBP-260°C.
260-340°C.
340°C.

IBP-260°C.
260-340°C.

Tar Composition

IS

[

= N

NN O~NPOPOOOFKB~=OO

.

= RN NN R =000 =~Ww

Distillation, Weight % of Tar

37.0
12.0
51.0

Tar Acids, Weight % MAF Coal

5
1

1
5

Yield of Basic Aromatics, Lb/Ton MAF Coal

Benzene
Toluene
Naphthalene

eep
[SUN SR

Severe

567
940
10.2

38.4
29.0
19.2
16.2
-3.5

0.7

100. 0

— O

N-hoo.oo-howw

Padis
Vi~ Ao mw=—

—
« .

o
[3)

22. 36
17. 34

44,5

48.5
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TABLE 1II, CONTINUED

COMPOSITION OF GAS, TAR, AND CHAR

Tar Composition, Continued

Hydrocarbonization Mild . Severe

Light Qil {130-260°C.) Tar Acid Distribution, Wt. %

Phenol . 34.5 -33.4
~o-Cresol 8.7 7.8
/ m, p-Cresol 27.2 24.5
» Ethylphenols and Xylenols 17,1 18.9
. Higher Phenols by Difference 12.5 15. 4
F Phenol Yield, Weight % MAF Coal
, 1.8 2,2

Char Composition

L3

b

C
H
N
S

o

WrEmwe
® O N~
— O =W W
Wow®

(by difference)

, Oil Recycle Experiments

f The hydrocarbonization of Lake de Smet coal produces considerable tar

" boiling above 230°C., As a general rule, "about 50% or more of the tar falls in this

f category. Tar acid content of the +230°C. tar is roughly 50 weight %. Experiments
on both bench- and pilot-plant scales have shown that this oil can be recycled to ex-

“tinction in the reactor, thus converting the heavy tars to oils boiling below 230°C.

v

’

The bench-scale unit was modified by the addition of a heated pump, so
kthat the hydrocarbonization tar boiling above 230°C. could be fed into a fluidized bed
of char produced from previous hydrocarbomzatlon experiments, The results of these
‘experiments show that the conversion of +230°C. tar acids to -230°C, phenolics was
. about 40% by wei Thus the yield from recycling 4230°C. taris 40% of 50% or
-about 20 weight 7gof the total +230°C, tar cycled. The consumption of hydrogen per
' pound of -230°C, phenoclics produced is about half that for phenolics from raw Lake

de Smet coal. Therefore, it should be feasible and economical to recycle these
i higher-boiling tars to the basic hydrocarbonization process.

DISCUSSIONS AND CONCLUSIONS

Chemistry : :
Coals of lignitic or subbituminous rank are statistically polymers of
fairly small aromatic ''nuclei'' averaging perhaps 10 aromatic carbon atoms per
nucleus. - These are substituted with paraffin gside-chains, probably largely methyl,
saturated rings, hydroxyl and other groups and are linked and perhaps cross-linked
through hetero-atoms or by direct C-C bonding. The pyrolytic break-down of these
crude polymers produces fragments averaging much higher hydrogen content than
the coal., Thus, a large amount of a material of low hydrogen content, char or coke,
must be produced. When molecular hydrogen is present this can intervene to supply
some of the H requirement of the hydrogen-rich fragments, thus reducing the amount
of char formed and increasing tar and gas yields,
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We would expect the hydrogen action to be roughly first-order in unre-
acted coal substance (if such a. thing is defmable) and, by analogy to the well-known
thermal dealkylation reaction, half-order in H,. The activation energy of the re-
action should correspond to that of hydrodealkylation or of thermal crackmg and be
in the 50-60 kcal/mol range, :

In practice this very simplistic view of the kinetics of the process is
helpful in rationalizing the results but is hardly very satisfactory quantitatively.

If we pick a suitable percentage of hydrogen as complete reaction (say 3.5 lbs H,/100
lbs MAF coal), we can roughly reproduce the general shape of the plots of hydrogen
reacted vs coal residence time as a first-order plot (see Figure 7). However, the
rate of hydrogen conversion depends upon the first or even higher power of the
hydrogen partial pressure (see Figure 5) and the temperature coefficient is low

(we estimate the energy of activation to be about 33 kcals/mole).

If we think of degree of reaction strictly in terms of hydrogen consumptio
per 100 pounds of coal, we can deduce a convenient rule of thumb from the collected
data. Doubling the coal residence time is equivalent to doubling the hydrogen partial |
pressure and either is equivalent to a 25°C. increase in reaction temperature. :
1

The relative rate of desirable and undesirable competitive reactions is
extremely important in setting the reactor design and operating conditions. The
vapor residence time must be such as to allow a high degree of conversion of the
recycled high-boiling tars without serious destruction of the valuable 180-230°C.
phenolics. Methanation of carbon monoxide, and other reactions which use up y
hydrogen non-productively should be minimized, while conditions favoring supplementa
* production of hydrogen by the shift reaction are desirable., These problems of settingy
optimum conditions were among those studied on the pilot-plant scale and it is believed
that reasonable solutions are found, _ 1

It is of interest to follow the oxygen balance from coal substance to {
products. Under optimum mild hydrogenation conditions the following is typical.

Oxygen in Product Named, 1bs/100 lbs MAF Coal ' :

180-230°C. Phenolics 0.7
+230°C. Tar . 1.1
Char 2.0 . '
Gas (Carbon Oxides) 3.2
Water o 14.0

Total ‘in Coal Feed : ) 21.0

Clearly, most of the coal oxygen is converted to water and the percentage convert-
ible to useful phenolics is small. Direct determination of OH in subbituminous and
lignite coals shows as much as 8% phenolic oxygen, but evidently most of this us.un-
stable to pyrolysis or hydrogenation. Nevertheless, the 0.7 pound of oxygen in the
180-230°C. phenolics represents about 90 pounds of phenolics per ton of MAF coal
with perhaps another 50 or 60 pounds obtainable by recycle of the +230°C. tars.

Our data indicate a total hydrogen consumption of less than two pounds per hundred
pounds of MAF coal to achieve this yield. . :

Economlcs .

'The economics of any coal conversion process is so strongly tied to the
cost of mining, transportation, cooling water, etc., and to the marketing problems
that it is futile to generalize. The authors believe that the dry hydrogenation proc-
ess worked out by Union Carbide will, at corresponding scales and under particular,
reahstmally possible, raw material and marketing conditions, look economically
good in comparison with any of the known variations of the conversion reactions --
to chemicals or fuels -- - discussed in the introduction.
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THERMAL CRACKING OF SHALE GAS OIL UNDER A
HYDROGEN ATMOSPHERE

G. E. Lessley and H. F. Silver

Department of Chemical Engineering .
University of Wyoming, Laramie, Wyoming 82070

H. B. Jensen

U.S. Department of the Interior, Bureau of Mines
Laramie Petroleum Research Center, Laramie, Wyoming 82070

INTRODUCTION

Reserves of shale oil in the Green River Farmation of Colorado, Utah, and Wyoming in deposits 10
or more feet thick that average 10 or more gallons of shale oil per ton are estimated to be in ex-
cess of two trillion barrels.! This oil represents a vast, untapped source of energy. Although
there is no commercial shale-oil industry in the United States today, it is generally felt that shale
oil will be a valuable supplement to petroleum reserves in the future. Shale oil is produced from
the solid organic matter occurring in oil shale by heating the shale to about 900° F or higher in a
retort.2 Crude shale oils prepared from the Green River shale by many retorting methods are
heavy, hydrogen—-deficient oils and contain very little material boiling in a gasoline range.3
Therefore, some sort of cracking process is necessary to convert the higher boiling portions of
crude shale oil to gasoline.

- An investigation of the thermal cracking of shale gas'oil under a hydrogen atmosphere has been

undertaken in a batch reactor as part of a program designed to study the effect of reaction varia-
bles on high pressure hydrogenation of shale oil. Kinetic parameters obtained in this investiga-
tion suggest that the initial phases of the cracking reaction involve the more reactive, straight-
chain structures, whereas later stages involve aromatic structures. There also appears to be a
change in the reaction mechanism as the reaction proceeds.

Other reaction parameters-~including hydrogen comsumption, hydrocarbon gas and naphtha yields,
and nifrogen and sulfur concentration in the unconverted gas oil~-have been correlated as func-

tions of cracking conversion.
3y

EQUIPMENT AND EXPERIMENTAL PROCEDURES

The experimental thermal cracking studies of shale gas oil have been carried out in a 2.7 -liter
Aminco rocking reactor. Details of the experimental equipment and procedure have been
reported.*

The first step in the experimental procedure was to add 500 grams of shale gas oil to the reactor.
Hydrogen was added to the reactor until all air had been flushed from the reactor and the pressure
in the system reached 1,000 psi. The reactor was then heated by an electric heating mantle to
the desired run temperature and held at this temperature for a predetermined period. At the end
of this period the reactor was allowed to cool to room temperature.

The gases produced durlng a run were analyzed using an Orsat apparatus and a Beckman GC-2A
gas chromatograph, and fhelr molecular weights were measured using glass density balloons. The
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liquid product was removed from the reactor and water washed to remove low-boiling nitrogen,
oxygen, and sulfur compounds. The oil was diluted with toluene and distilled in a Dean-Stark
apparatus using the procedure outlined in ASTM D 95-62 in order to eliminate any water remain-
ing in the sample after the water wash.5 The toluene added to the liquid shale-oil product during
the Dean-Stark distillation and the naphtha boiling below 410° F were removed from the mixture
by atmospheric distillation. That portion of the shale-oil product that boiled below 555° F was
then separated from the unconverted shale gas oil by a vacuum distilldtion. The nitrogen con-
centration in the unconverted gas oil was determined using a Kjeldahl| nitrogen analysis procedure,
and the sulfur concentration was determined using the procedure outlined in ASTM D 129-58.5,6

RAW MATERIALS

The shale gas oils used in this study were derived from a Green River (Colorado) shale in a gas
combustion retort at Rifle, Colorado. Properties of the shale gas oils are presented in table 1.

TABLE 1. - Properties of shale gas oil feed stocks

Feed stock No.

Property 1 2

Gravity, °API 23.0 _ 23.0 \
Nitrogen, wt pct 1.78 1.83

~ . Sulfur, wt pct .62 .70 \
Distillation, 1.B.P., °F _ 420 405

10 vol pct, °F 567 580

50 vol pet, °F 700 720 !
95 vol pet, °F% 800 800

Boiling above 555° F, wt pct 91.7 95.2 b

9 Estimated from simulated distillation by GLC. </

EXPERIMENTAL RESULTS AND CALCULATIONS

The extent to which shale gas oil was thermally cracked under a hydrogen atmosphere has been
correlated with time and temperature using a parameter called cracking conversion, X.. Crack-
ing conversion is defined by the relationship:

Wg-W
X = _"P - (m
WE
where W = grams of shale gas oil that boil above 555° F in the gas oil charged to the reactor, and
Wp = grams of shale gas oil that boil above 555° F in the reactor product.

If it is assumed that the cracking reaction is first order with respect to the unconverted gas oil
(1 - X, the integrated rate expression takes the form:

In(1 - X)) = -kt, ' (2)

where (] - Xc) = the unreacted gas oil boiling above 555° F,

k = reaction rate coefficient, and
t = reaction time.
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The experimental data obtained in this study have been plotted in the form suggested by equation

2 in figure 1 for reaction temperatures from 600° to 825° F. The times shown in figure 1 are un-
corrected for heat~up and cool-down times. - The curvature shown in these plots was expected
because others have reported this same effect in studies of the cracking of petroleum gas oils.
Weekman,” for example, suggests-that a similar curvature, which he obtained in a plot of catalytic-
cracking results, may be due to the multiplicity of reactant molecular types in the original petro-
leum charge as well as to catalyst deactivation.

The variation of the reaction rate coefficient (k) with temperature (T) can be described by the
Arrhenius equation:

k = A exp(-E,/Rt). ) ' (3)

However, this equation does not account for the observed effect of cracking conversion on the
reaction rate coefficients. In order to introduce this effect, it has been necessary to compare
reaction rate coefficients at the same cracking conversion level but at different reaction tempera-
tures. The results of these comparisons at selected conversion levels have been used to calculate
Arrhenius activation energies (E,) and Arrhenius frequency factors (A) as functions of shale-gas-
oil cracking conversion. The relationship that provided the best, least-squares fit between the
experimental activation energy and conversion was

Eqlkcal/mole) = 29.4 + 135.5 X.. , 4)

Thus the Arrhenius activation energy increases linearly from 29.4 kcal/mole at the onset of crack-
ing to 124.3 kcal/mole at a conversion of 0.70 for X., a fourfold increase. This increase in
activation energy could indicate that the cracking reaction changes from one involving straight- .
chain structures to one involving aromatic structures as conversion increases.

The relationship that provided the best fit between the experimental frequency factor and conver-
sion was '

A(min~Y) = exp(16.71 +91.45 X ). 5

Figure 2 shows the dependency of the 750° F reaction rate coefficient, calculated using equations
3, 4, and 5 upon conversion values. Thus we see d decrease of three orders of magnitude in the
coefficient as conversion increases from zero to 0.70. The calculated values at these two con-
version levels are 4.9 x 10-3 min~! at zero conversion and 4.5 x 10~ min~! at a conversion of
0.70. '

The agreement between the conversions predicted by using the Arrhenius ¢quation, modified to
account for the effect of conversion, and the experimentally measured conversion is shown in
table 2. The corrected times listed in this table take into account the fact that the cracking
reaction proceeds to a certain extent during the time that the reactor is being heated to and
cooled from the nominal reaction temperature. -

Although the literature on thermal cracking of petroleum does not report data relating the depend-
ency of Ey and of A upon conversion, Nelson® has reported their values at conversions between
0.20 and 0.25 for a petroleum gas oil. He reported an activation energy of about 55 keal/mole
and the value for shale gas oil as calculated by equation 4 is 56.5 kcal/mole. Table 3 compares
the specific rate coefficients as reported by Nelson for a petroleum gas oil with those calculated
using equations 3, 4, and 5 for shale gas oil. These results suggest that at a conversion of 0.20
shale gas oil may be somewhat more refractory than petroleum gas oil. However, at zero conver~
sion, distillation data suggest that petroleum gas oil is more refractory than shale gas oil. For

H
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TABLE 2. - Comparison of experimental and calculated conversions

Run
temperature, Corrected Hme,(1 Conversion, X¢
°F hours Experimental Calculated
600 0.90 0.031 ' 0.01
3.32 0N .031
6.29 .037 .045
8.35 .029 ) .053
700 : 42 , .004 .036
.81 .009 .059
3.32 .089 126
6.37 .131 . 164
8.29 .123 179
750 .38 : .032 .074
.92 .210 .128
3.32 .264 ' .226
6.34 .308 : .279
8.29 .315 .302
8.51 .369 .305
825 .1.20 .508 .394
3.39 642 .563
6.41 707 .665
8.41 .699 .706
8.55 .706 .709

2 Corrected for the amount of reaction taking place during the time the reactor
is being heated to and cooled from nominal reaction temperature.

TABLE 3. - Comparison of reaction rate coefficients at a conversion
of 0.20 for shale gas oil and petroleum gas oil

Temperature, Reaction rate coefficient, min~!
°F Shale gas oil Petroleum gas oil2
700 1.1 x 1074 ' 1.8 x 10~
750 6.8 x 107 1.0 x 1073
825 8.0 x 1078 1.5x 1072

9 See reference 8.
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example, in the Bureau of Mines routine distillation? used in crude petroleum analysis, the atmos-

pheric distillation is carried to a temperature of 527° F; whereas, to avoid cracking in the analy-

sis of crude shale oil, the atmospheric distillation is carried to a temperature of only 392° F. One
is led to conclude, then, that shale oil contains materials that crack very readuly as well as mate -
rials that crack with extreme difficulty.

The exponential relcrionship best relating conversion to frequency factor (equation 5) is sugges~
tive of the exponential relationship between the theoretical frequency factor from the theory of
the activated complex and the entropy of activation.!® Because of this similarity, entropies of
activation were calculated for the shale-gas-oil cracking reaction at 825° F.. These entropies of
activation ranged from a -32 e.u. at low conversion to +89 e.u. at high conversion. This range
in entropies of activation may-be compared with values obtained by Wiser,!! who observed values
ranging from ~63 e.u. at low conversion to =12 e.u. at high conversion during coal pyrolysis.
Entropy of activation values of about -30 e.u. have been reported for polymerization reactions, 12
Condensation reactions might also be taking place. Thus the assumed polymerization and conden-
sation products of the early part of the reaction would add to the multiplicity of the aromatic
structures in the original charge oil. These proposed, additional aromatics would have their in~
fluence in the latter stages of the cracking reaction.

Other reaction parameters obtained in this study have been correlated as-functions of cracking
conversion. The amount of hydrogen consumed in the reaction is correlated as a function of
cracking conversion in figure 3. Figure 4 shows the weight percent of the charge that was con-
verted to gasoline and to hydrocarbon gases. The results in figure 3 suggest that there was a net
production of hydrogen below a conversion of about 0.2, and that only above this conversion was
the rate of consumption of hydrogen greater than the rate of production. This consumption of
hydrogen at higher conversion levels undoubtedly resulted from the hydrogenation of low-molecular-
weight fragments to form the quantities of hydrocarbon gas and gasoline shown in figure 4. For
example, at a conversion of 0.70, the combined quantities of hydrocarbon gases and gasoline
amount to 70 weight-percent of the original oil.

The weight-percents of nitrogen and sulfur in the unreacted gas oils are shown in figures 5 and 6
as functions of conversion. Because the nitrogen in shale gas oil is primarily in heterocyclic aro-
matic si'ruci'ures,13 the increase in nitrogen in the unreacted gas oil can be explclned by postu=
lating that the nitrogen heterocyclics do not react to form lower boiling materials as rapidly as
does the nonaromatic portion of the gas oil. This lack of any thermal denitrification of shale gas
oil under hydrogen pressure was also observed by Koros. ™

On the other hand it appears from the results shown in figure 6 that up to conversion levels of
0.30, the sulfur-containing molecules are more easily cracked to lower boiling compounds than
are the nonsulfur compounds. It also appears that at conversion levels greater than 0.30, the
sulfur-containing compounds crack at about the same rate as does the bulk of the remaining shale
gas oil.

SUMMARY

The results obtained in this work show that the rate at which shale gas oil cracks at constant
temperature under hydrogen pressure decreases as the extent of cracking conversion increases.

The values for the reaction rate coefficient for the 750° F cracking reaction decrease from 4,9 x
10-3 min~! at zero conversion to 4.5 x 10~ min~! at a conversion of 0.70. Calculated Arrhenius -
activation energies range from 29.4 kcal/mole at the onset of conversion to 124.3 kcal/mole at

a conversion of 0.70. These variations could indicate a change in reacting species as the reac-
tion proceeds. For example, initial phases of the shale-gas-oil cracking reaction could involve
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long, straight—chain structures, whereas later phases of the reaction involve aromatic structures.
Entropies of activation, calculated for the reaction at 825° F, ranged from -32 e.u. at low con-
versions to +89 e.u. at high conversions. The results could indicate a shift in reaction mechanism
from polymerization reactions at low conversions to decomposition reactions at high conversions.
Hydrogen-consumption data, product-yield data, and the rates of denitrification and desulfuriza-
tion also suggest changes in the reacting species as well as in the reaction mechanism.
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FIGURE 2.—Effect of Conversion on Shale Gas Oil
Cracking Reaction Rate Coefficients at

750°F Cracking Temperature.
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FIGURE 4-Hydrocarbon Gases and Gasoline Production.
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FIGURE 5.—Nitrogen Concentration in Unreacted
Shale Gas Oil.
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METHANATION FOR COAL HYDROGASIFICATION

A, L. Lee, H, L. Feldkirchner and D.G. Tajbl#

Institute of Gas Technology
Chicago, Illinois 60616

INTRODUCTION Co S

The goals of this study are as follows:

® Test commercial methanation catalysts to determine the most suitable one for
the methanation step of the IGT HYGAS Process for producing pipeline gas from
coal. i

® Perform a life study on the chosen catalyst.

® Obtain pilot plant design data for anticipated gas compositions from the hydrogasi- |
fication reactor, :

e Develop a kinetic equation for the methanation catalyst selected under actual
operating conditions. . :

Dirksen and Linden? did extensive work on synthesis-gas methanation and gave N
detailed discussions of their work. Tajbl et al.!® presented the results of the commer-’
cial catalyst selection for the HYGAS Process and described the experimental appa- 1
ratus. Earlier we obtained a rate expression® for the design of the pilot plant reactor
and developed a practical reactor operating scheme. 1

: i
!

This paper presents the results of the catalyst life study, a reactor stability study,
and a kinetic study. In addition to the references cited in the text, we have also pre-
sented a literature survey. For a more complete review of literature prlor to 1963,
refer to the bulletin by Dirksen and Linden.*

¢

KINETIC STUDY \

The apparatus used for this study was described in detail previously. ! A sche-
matic diagram. of the modified system is presented in Figure 1. The modifications
are the benzene saturator, high-pressure sampling, and a better gas chromatograph.
The purpose of a benzene saturator is to study the effect of traces of benzene in the "’
feed gas on the rate of methanation and the long-term activity of the catalyst.
Benzene is produced in the HYGAS Process for use ih the slurry feeding of coal to
the gasifier., Thus, traces of benzene will be present in the methanator feed stream.

To obtain pilot plant design data, three feed gases covering the range of antici-
pated methanation feed compositions were used (Table 1). The results were presented
elsewhere.!! To summarize these findings, we found that a rate expression
(Equation 1) represents the data:

0, 62

r=.kpC;O' : (1)

* Now with Mobil 0Oil Corporation, Paulsboro, New Jersey.
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Table 1. COMPOSITIONS OF FEED GASES

Feed High CO Intermediate CO Low CO
- mole %
Carbon Monoxide 10.0 7.0 2.4
Carbon Dioxide 2.1 2.1 2.0
Hydrogen 34.5 26.1 13,5
Methane 53.4 _ 64,8 82.1
Total 100.0 100.0 100.0
Using the same data, Wen et al, 1 found a rate equation:
— 0.7 _0.3
r =kpis PH, , _ (2)

Both equations of the form of 1 and 2 can fit the data reasonably well, as Weller!!
has shown.

To improve the above rate expressions for the IGT methanation process, the reac-

' tion-rate study was extended, mainly in tests on 1/4-inch catalyst pellets that will be

-———

ST mT——— o

-

—

used in our plant. Feed gases containing only H; and CO were used to determine the

'CO order; feed gases containing H;, CO, and He were used to determine the H; order

and the effect of an inert on the methanation rate; feed gases containing H,, CO, and
CH, were used to determine the effect of a large CH, concentration in the feed on the
rate of methanation and hence on the CH, order; feed gases containing H,, CO, CH,,
and C4H, were used to determine the effect of benzene; and feed gases of H;, CO,
CH,, and C¢H, with traces of mercaptan (0.3 ppm) and thiophene (0.8 ppm) were used
to determine the effect of organic sulfur on the activity of the catalyst, These data

‘are presented in Table 2.

We found that the H, order is about 0,5, with and without CH, in the feed gas, as
illustrated in Figure 2; the effect of CH, is noticeable only at near-equilibrium con-
ditions (Figure 2); the order of CO is about 1 (Figure 3); the effect of He is nil; the
effect of C¢Hg (up to 1% in feed) is nil; and the effect of organic sulfur in the gas on
the rate of the methanation reaction is nil at the low concentration levels studied
(mercaptans and thiophene up to 1.1 ppm). ' :

The rate expression:
r= kpco P;_.I: . ) (3)

correlates most of the experimental data except when excess H, and/or CH, are
present. To cover the entire range of gas compositions, Equation 3 was modified to
the following form: o B '
k PecoPr.
r = CO HZ (4)
1+ KZPHZ + K.3 pCH4

" The results are presented in Table 2 andFigu’re“l.

There are numerous rate expressions proposed for methanation in the literature.

' .Some of those that are related to this study are presented in Table 3. Most of the

work in the literature was done with feed gases containing H, and CO or H,, CO, and
CO, only and at relatively low pressures, Table 3 is presented to give a quick over-
all view of the various methanation rate equations proposed. :
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CATALYST LIFE TESTS

,When this program was begun, no successful work had been reported on fixed-bed
methanation of high carbon monoxide, high-methane-content gases with typical
commercial nickel catalysts. Thermodynamic calculations indicated that the gases
that would have to be methanated would be capable of depositing carbon in the range
of temperatures and pressures expected, Further, in packed-bed reactors, the
high heat of reaction was expected to cause catalyst deactivation through hot spots
and carbon deposition. These problems had been encountercd by others,

We, therefore, set up a small laboratory test unit to test commercial catalysts
in a fixed-bed reactor under the expected operating conditions., A schematic dia-
gram of the unit is given in Figure 5, Synthetic gas mixtures were prepared having
the following typical composition ranges,

Composition,
Component mole %
CO 3.5-12.7
CO, 0.6-3.2
H, 18.8-57.5
. CH, 24.3-72.6
C,H, 0.1-1.3
N, 1.2-4.0

Sulfur was removed from the feed gas to less than 0.1 ppm by beds of activated car-
bon and zinc oxide.

The unit was designed for around-the-clock operation with a minimum of operator
attention. The feed gas rate, the reactor and guard chamber tempecratures, and the

unit pressure were controlled and recorded. The condensed product water was drained]

from the unit automatically by a liquid-level controller. The product-gas CO content
was monitored by an MSA Lira model infrared analyzer and recorded continuously,
Exit-gas volumes were recorded manually at regular intervals, and samples of feed
and exit gases were taken throughout the test periods for analysis by gas chroma-
tography.

A diagram of the reactor and electric heater and furnace is given in Figure 6.
The 4-inch-deep catalyst bed was held between two packed beds of glass beads. The
upper part of the reactor was enclosed in an electric furnace and the lower part was
wrapped by an electric resistance heater. Bed temperatures were recorded at the
four points indicated.

Initial tests were with a commercial nickel-on-alumina catalyst. The catalyst,
supplied as 1/4-inch pellets, was crushed to —12+18 USS, Feed gases contained 4
mole percent CO in some tests and 13 mole percent in others. In all tests with this
catalyst there was considerable carbon deposition. Higher temperatures were re-
quired to obtain sufficient catalyst activity for the desired reduction of carbon mon-
" oxide to 0.1 mole percent, which may have accelerated carbon deposition rates,

Tests with 1/8-inch pellets of nickel-on-kieselguhr catalyst were successful.
One run lasted 1420 hours, during which time conditions were varied considerably
(Table 4). Space velocities of over 9000 SCF/CF cat. -hr were used. The run was
terminated voluntarily with the CO content of the exit gas still at only 0.1 mole
percent. The CO, conversion showed no consistent trend with variations in operating
conditions. Ethane hydrogenolysis was nearly comiplete for the entire run,
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Although the nickel-on-kieselguhr catalyst is less strong than the nickel-on-
alumina one, its superior performance makes it the preferred catalyst for the
HYGAS Process.

REACTOR STABILITY - ' : ' ‘ ,

Because the methanation reaction is highly exothermic,it is conceivable that the
catalyst-bed temperature could exceed the calculated adiabatic equilibrium tempera-
ture at some operating conditions and in some reactor configurations. Preliminary .,
calculations indicated possible instability in the packed-bed methanation reactors N
for the HYGAS pilot plant and large-scale plants being designed. Therefore, a

~more detailed study of reactor stability was undertaken. /

The first approach was.an attempt to test for stability without requiring the i
solution of the several partial differential equations involved, One can reason that
in an adiabatic steady-state system with the single-path catalytic reaction presumed
here, the temperature of the gas phase must lie between the initial and final equili-
brium temperatures. The difference between the catalyst and gas-phase temperature
is proportional to the reaction rate if the gas-particle heat transfer coefficient is
assumed constant. Therefore, if the catalyst temperature is not excessive at the
known inlet conditions, a sufficient condition for the system to be stable is that the

“ reaction rate decreases with distance through the reactor; that is, a sufficient con-
dition for stability is —
- dr < ’
az — © : (5)
But in this system the reactant CO decreases with distance so that the condition is
equivalent to: 3
DR : !
where the reaction rate is a function of the catalyst temperature, and the concentra-f
tion of CO near the surface is in turn dependent on the CO concentration in the gas
phase. Equation 7 follows directly from Equation 6 : i

’

dTS
d(X

dr
COjg

dr ‘ d{XCoLS N ( a¥ >0 (7))

B(Xco)s T, d{XCO)g 3T

s

= d(X
(XCO}S CO)g g
From steady-state considerations and neglecting the second-order effects of varia-
tion in physical properties with temperature and composition, one can show that —

LI AH Pcok‘wxcoh

T, B o {AH + To-) . (8)
[¥co)s = [¥colg ~ pg}rl"‘m o

Operating on these equations leads to:
dr [Br/a{XCOM— AH/cg (ar/a TS) '
d(XCO‘g 1+ {I/hmpg} ar/a(x —AH/ht‘arHTs)

(10)

o)




- 133 -

IThe right-hand side of Equation 10 requires the kinetics of the reaction in terms of
the catalyst conditions. This is the case at hand. Noting that this quantity is
)lgreater than zero if the reaction rate is temperature-independent, one can conclude
hat for the kinetics proposed by Wen!? the system is always stable, Wen's inter-

retation of IGT data is that there is no temperature effect above 600 °F. However,
jour kinetic data retain a significant temperature dependence at high temperatures,
'which leads to negative values for the expression in Equation 10 ‘with h and hm
ra.ppropnate to the expected flow reglme.

r A positive value of Equation 10 is sufficient for stability but not necessary.
Consequently, negative values leave us in an indeterminate position. But we can,
‘and did, calculate the values of T for the possible range of values of (XCO} from

Equations 8 and 9. At the expected levels of transfer rates, with our kinetics, the
romputed catalyst temperature never exceeds the final temperature.

In Figure 7 the estimated catalyst temperatures are shown as a function of degree
of conversion at'the expected transfer rates (30,000 Btu/hr-sq ft per cu ft of void
fvolume) for a 540 °F feed gas containing 4 mole percent CO in excess H,. Figure 7 also
shows results for transfer rates that are reduced 30-fold (the heat and mass transfer
{coefficients proportionately) — an effect corresponding to a meaningless 900-fold
"decrease in velocity, The higher temperature levels only exceed the final tempera-
jture by 25°F, Therefore, even spots in the reactor where the ve1001ty is unusually
low still would not become excessively hot.

The kinetics and the mass and heat transfer rates collected by IGT were used to
estimate the required space velocities for the methanation process. In Figure 8,
rthe results are given for a 4 mole percent CO feed gas at a 550 °F feed temperature
in a steady-state system, with a feed rate of 126 lb-mole/hr-sq ft of reactor cross
jsection. For a product gas with 0.1 mole percent CO, the space velocity is computed
rto be 47,000 SCF/CF-hr. A ninefold change in velocity affects the required space
'veloc1ty by only 8 %.

I As a check, the system was calculated using kinetics proposed by Wen, ¥ which,
jbecause of the assumption of temperature independence above 600 °F, do not predict

as high a reaction rate at the higher temperature as do our kinetics. The results

are also given in Figure 8. Wen's kinetics lead to an estimate of space velocity to
produce 0.1 mole percent CO at 550 °F with a space velocity of 27,000 SCF/CF-hr.
‘Since it is quite probable that Wen interprets a diffusion limitation in the original
experiments as a slow reaction rate, the 27,000 represents a lower bound on estimates
of space velocities based on our original data, Our pilot plant methanation reactors
were designed using a space velocity of less than 5000 SCF/CF-hr. It is possible
.that we can méthanate the entire pilot plant output in two methanation stages.
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surface equilibrium constant!
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reaction rate constant?
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heat transfer coefficient
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Reaction Model for Bituminous Coal Hydrogasification
in a Dilute Phase

H. F. Feldmann, W. H. Simons&/J. A. Mima, and R. W. Hiteshue

U.S. Bureau of Mines, 4800 Forbes Avenue
_Pittsburgh, Pennsylvania 15213

INTRODUCTION

Increasing demands and decreasing reserves of natural’galeQ/ have intensified
research and development efforts directed towards the productig? of supplementary
pipe line gas. Several processes are currently being developed—' which will utilize
our abundant fossil fuel reserves to meet the anticipated need for supplementary gas.
One of these processes under investigation at the U.S. Bureau of Mines is the hydro-
gasification of raw bituminous coal to produce a pipeline quality gas consisting
primarily of methane. There are certain features involved in the hydrogasification

"of raw bituminous coal which are economically and technically attractive: First,

as shown by this study, the external hydrogen consumption required per unit of methane
produced is low because of the efficient utilization of the hydrogen already in the
coal; secondly, direct production of a high-Btu gas and use of a dilute-phase con-
current reactor (which minimizes agglomeration problems) are both possible because

of the high reactivity which raw coal has for methane formation; and thirdly, process
costs associated with pretreatment, inherent in other coal conversion processes based
on bituminous coal feed stocks, are eliminated.

In this paper we describe a kinetic model for the overall reaction occurring in
the hydrogasification reactor; that is

(a) - coal + AHp - char + .CH,.

This model is béing used inAéther studies to evaluate and optimize various types of
hydrogasifier schemes as well as to predict by ‘computer simulation temperature profiles
in commercial sized reactors.

Most of our experimental data on the hydrogasification of coal comes from a re-
actor using concurrent gas-solids flow with the solids freely falling through the re-
actor. Although the primary reason for using this contacting system is to avoid ag-
glomeration problems,2/ this dilute-phase operation may also offer some advantages in
temperature control because of the reduced heat generation per unit volume of reactor
compared to moving bed or fluidized systems.

EXPERIMENTAL

Equipment and Procedure

The basic elements of the hydrogasification system are shown in figure l. Hydro-
gen from a gasholder at atmospheric pressure is metered and compressed to reaction
pressure in a >-stage reciprocating compressor and is heated in tubing coiled around
the reactor before being injected into the top of the reactor. Heat is supplied to
the reactor and gas preheat coils with banks of individually controlled electric-
resistance furnaces. Coal is fed to the reactor at system pressure using a 4-vaned
feeder connected to a variable-speed. motor; it passes by gravity flow through a nozzle
of 5/16-inch diameter before entering the reactor. This nozzle is water-~cooled to
keep the coal below its softening temperature and is insulated to minimize heat losses.
The coal is dispersed into the reactor where it contacts and reacts with the hydrogen.
The reactor is of 3-inch inner diameter and the heated section below coal entry point
has been varied from 3 to 6 feet in length. The coal must be heated very rapidly
1/ Mathematician, Department of Mathematics, West Virginia University, Morgantown,

West Va. 26506.
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through its plastic temperature (350°-480° C for hvab coal, Pittsburgh seam) in order
to produée a dry char, free of agglomerates. Residence time of volatile products
* varies with system pressure and gas rate but for most experiments made_at 3,000 psig,
this residence time runs about 5 minutes. Two types of reactors have been used for
‘ these experiments. For experiments made at 725°-750T (EHR series),  thick-walled-
stainless steel reactor with a é-inch od x 3~-inch id was used. For ex-

periments at 900° C (IHR series), an internally-heated reactor was designed in which

the reactor proper consists of 3-inch schedule 10 stainless steel pipe. The IHR re- -

actor and heating elements are enclosed in a 10-inch pressure vessel and are insulated
so that wall temperatures on this vessel do not exceed 150° C-at reaction tempera-
tures of 900° C. Equalized pressure is maintained across the wall of the ‘3-inch re-
actor. - i - : : ) -
Char is collected in an air-cooled.receiver located below the reactor. -Product
gas passes through a water-cooled vessel in which water, traces of oil, and some vola-
tile salts are condensed and collected. The gas is then expanded to atmospheric pres-
sure through a regulator, metered, and flared. A separate sample stream, taken from
a point near ‘the bottom of the reaction zone, passes through a continuous analyzer
that determines the concentration of hydrogen in the stream. Periodic samples”
are taken for complete analysis by chromatography. The char from the receiver is
weighed and ultimate and proximate analyses made.

Experiments were made with hvab coal from the Pittsburgh seam having a free-
swelling index of 8 and a volatile content of 39-41 percent, moisture-ash-free basis.
Ultimate and proximate analyses are given in table 1. The feed was sized to 50 x 100
mesh sieve fraction, U.S. Standard. : . ‘

Table 1.- Analyses of hieh-%olatile A bituminous coal

As’
‘received, Maf,
ht percent percent
Ultimate
Carbon ............ cecnnenan 78.5 84.0
Hydrogen ........ cicecnenven - 5.4 5.7
- Nitrogen ..... evees seeseoas 1.6 1.7
Sulfur ,..... fetecasasseaans 1.4 1.5
0xygen1-7 PR crreecenes 7.2 7.1
Ash ... ittt 5.9 -
100.0
Proximate
Moisture ................... 0.7 -
Volatile matter ............ 38.2 40.9
Fixed carbon ............... 55.2 . 59.1
Ash ....... e 5.9 -

1/ By difference.

Development of Reaction Model

Ordinary methods of treating integral reactor data are not applicable to our data-

because, judging from product gas .analyses, the system never reached steady state in
the time allowed by the coal capacity of the pressurized hopper. The gas concentra-
tion versus operating time curves indicate substantial backmixing was occurring in

the reactor and this backmixing was responsible for the delay in reaching steady state.

A tracer experiment was conducted under controlled conditions and without the compli-
cations of chemical reactions to observe the prectse behavior of the IHR reactor as a
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mixer. In thxs experlment the hopper was charged with an inert solid (anthrac1te)
and the same operating procedure was followed as in. a run except that shortly after
the start of feeding the anthracite, the hydrogen flow was turned off and inert gas
fed in its place. ‘The dimensionless concentration of nitrogen in the sample gas is

. shown in figure 2 as a funct}nn of time. These results indicate that based upon the-

so-called dispersion model,™’ the reactor may be treated as if the gas phase were
perfectly mixed. . oo .

" Because the reactor is backmixed and the residence time of the free-fall parti-
cles is short compared to the time over which a significant change in gas composition
occurs, each particle entering the reactor sees an essentially constant gas composi-
tion while passing through the reaction zone. Of course, particles-falling through
the reactor at different operating times see different gas compositions so the char
collected at the end of an experiment is a nonhomogeneous material composed of parti-
cles all of which experienced different reaction conditions. Thus, in the formula-
tion of the hydrogasification model two time scales are necessary. The physical in-
terpretation of these two time scales is illustrated by the following rate equation
which was found to best fit the experimental data,

(1) a2”‘(t,,9)/39 = kpHp (t) (1-2%),

where z* is the carbon conversion at particle residence time @ and at operating time
t, k is the reaction rate constant, and pH,(t) is the hydrogen partial pressure at
operating time t. Since the measured carbon conversion, z, is based on the total
char collected, it is an average conversion and therefore may be assumed to be re-
lated to the instantaneous conversion by .

- tR
(2) ztg = fo' z(t)de,

where tg is the duration of the'run, z(t) = z#(t;eo) and 085 is the particle resideqce

. time.

Because the change in gas composition is negligible over a time span equal to
the particle residence time 90, equation (1) may be integrated with respect to 0 with
t held constant. This yields

where. the physical. ihterpretation of E 1s the.fraction of carbon that is immediately
vaporized. From equation (3) and.-the definition 8, = L/Up,the carbon-conversion of
coal falling through the reactor at operating time t.is given by

A (%) =z(t) = 1-(1-E)exp(- kPHg(C)L/UT)
. - As previously mentioned, the solid carbon conversion measured is an average con-
version so substitution of equation (4) into ‘equation (2) glves
() z-= 1-(1-»:)/cgj exp(~kpp, (£)L/Up)de_
s . o :

as the expression for the average solid carbon conversion over the run time tR.

We have experimental values for Z, tg, L, pH,(t) as a discrete function of operat-
ing time t, and a rough estimate for' Ur of 32,400 ft/hr at 205 atm. Equation (5) was
used to correlate the hydrogasification data by the following steps: :

1. Select a value for E .
2. For each experiment, with this E snlve equation (5) for k by numerical methods.

1
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3. Calculate the average k value for those experiments all performed at‘the
same temperature, and using this k value in (5), calculate a z for each of "these
experiments.

4. . Determine the value of E that minimizes

5|2 measured - 3 calculatedl,

where the sumnation is taken over the experiments of step (3).

Results of experiments at the two temperatufe levels studied are shown with the
feed conditions in table 2. For each temperature, the results presented in table 2

Table 2.- Tabulated reaction rate constants and reactor conditions )

THR Run Series, T = 900° C, E = 0.14

Average ) } .
Reactor Solids solid Gas ‘ . " Reaction2/’
press-  feed carbon feed Hydrogen  Reactor rate
ure, rate, conver- rate, in feed length, constant k,
Run atm. 1b/hr  sion,% lb-mole/hr . gas, vol% ft atm™lhr™l
36 205 6.4 ‘31.0 0.447 ' El-';48 ‘ -5 : 23.7
37 205 . 13.6 27.1 0.550 ’ 1—/50 ’ 5 i 21.4
"38 205 13.0 22.0 0.434 1—/45 5 13.4
39 205 13.2 28.1 0.695 : -1-/45 : 5 21.0
61 205 13.4 26.0 0.663 Lso. 5 19.4
96 205 4.3 47 .6 0.329 98 5 19.2
101 205 6.1 49.6 0.347 96 5 23.4
. 104 205 6.9 42.7 0.363 . ' 99 5 16.7
107 205 8.8 53.0 0.480 99 5 25.4
" 108 205 7.2 49.8 0.450 ) 98 5 24.0
109 205 8.1 47.8 0.480 98 .. 5 - 23.1
110 205 8.2 41.6 0.468 . . 99 _ 3 27.5.
111 205 7.9 39.8 0.463 - 99 3 ©25.2
113 205 8.3 43.0 0.405 99 3 21.7
129 205 8.4 40.0 - 0.423 ’ 100 5 19.5
130 205 8.1 40.2 - 0.437 : " 97 5 18.8
131 205 8.4 42.0 0.408 96 5 21.2
132 205 8.8 37.7 0.432 - 99 5 14.3
133 205 8.2 40.5 0.348 99 5 15.7
136 205 7.8 3959 0.447 99 5 17.8
125 69 8.1 36.8 0.516 . .97 5 39
128 69 8.2 37.8 - 0.368. . . 93 5 43
' Average ka'i/ = 21 atm 1 hr™?
1/ Except for about 2 vol pct the remainder of the gas is methane.
2/ Based on estimated average partlcle velocity of 32,400 ft/hr with char produced

at 205 atm.
a/ Runs at 69 atm corrected for particle res:.dence ‘time for inclusion in average k.

(Table 2 'continﬁed on next page.)
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Table 2-continued-

EHR Run Series, T = 725° €, E = 0.22

_ . Average ' ’
Reactor Solids solid Gas ’ . ) Reaction—/
press- feed carbon feed Hydrogen Reactor rate
ure, rate, conver- . rate, in feed-  length, constant ks
Run atm lb/hr sion,% lb-mole/hr gas, vol% ft atm lhe! -
346 205 6.4 22.8 0.458 l—Fs 6 5.89
347 205 6.3 25.2 0.458 1—/52 6 2.87

349 205 6.6 25.6 0.466 /) 6 3.13
352 205 5.3 23.4 0.458 /49 6 12.38
377 205 6.0 39.4 0.478 98 - 6 7.08 -
39 . 205 6.2 23.8 0.416 1/29 6 3.00
399 205 6.4 24.0 0.548 1/ 6 3.29

Average k at 205 atm = 5.4
atm™lhr™? .

369 103 6.3 29.6 0.461 /55 6 12.00
370 103 6.7 27.0 0.461 - 1756 6 7.03°
373 103 5.9 27.7 0.455 1/sy 6 8.63 -~
374 103 7.6 25.1 0.463 1/54 6 4.81
375 103 6.0  31.0 0.455 - 6 7.64
397 103 6.5 24.8 0.422 1/23 6 11.11
398 103 6.7 25.9 0.548 1/24 6 13.98
404 103 6.5 29.8 0.950 /46 6 12.48
‘ ' : : Average k at 103 atm = 9.7

atm™ hr™t .

Average k at 725° C corrected
for residence time effects =
6 atm™lhr™?

1/ Except for about 2 vol pct the remainder of the gas is methane.
3/ Based on estimated average particle velocity of 32,400 ft/hr with char produced
at 205 atm.

are.those calculated using the value of E in step (4). These results indicate an

effect of pressure on k; however, this is merely a residence time effect due to the
dependency of the char density on the system pressure. This dependency is shown in
figure 3 where the bulk density of the char is plotted as a function of the reactor

- pressure. Apparently, the hollow spheres of which most of the char consists are

smaller when formed under higher pressure. Photographs of char in figure 4 show this
bulk density difference. Correction for the change in bulk density and the corres-

. ponding particle residence time gives k values that are lndependent of pressure, and

these are the average values reported 1n table 2,

There is considerably more spread in the calculated k values at 725° C than at
900° C for the following reasons: Extensive carbon conversion at 725° C is due to
devolatilization because of relatively low k values, the short residence. time (<1 sec)
in free-fall, and the low hydrogen partial pressure due to the higher methane concen-

" trations in the feed gas. Thus, in equation (3) z(t) is close to E, and therefore,

small -errors in z(t) and E genera;e'large errors in k. In view of this inherent insta-
bility, the calculational scheme described above was carried out under the additional
constraint that E be less than the lowest measured carbon conversion. A comparison of
the measured values of carbon conversion with those predicted by the model using the
average k is shown in figure 5.

1
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An apparent activation energy is calculated by plotting lu k versus 1/T for
the two temperature levels s;udied in figure 6. Also shown in figure 6 is a k value

reported by Wen and Huebler®- u517g a coal-char and a k value calculated from data
reported by Moseley and Paterson®’/ also on char hydrogasification. The apparent
.activation energy calculated from figure 5 is about 16 k cal/gram-mole carbon re-
acted. This is in basic agreement with a yydrogasiflcation activation energy of -
15 k cal reported by Zahradnik and Glenn.Z

Phyéical Intexrpretation of -the Reaction Model

In this section we establish a physical basis for our reaction model, not only
to gain confidence in the model but also to ascertain the limits of its applicability.
In order to provide this physical basis we must rely on intuition and the experimental
work of others even though the bulk of the latter was generated with coal-char as a-
feed material rather than coal. ; -

We have already compared in figure 6 the temperature dependency of thie rate con-
stants calculated in this study with those reported or calculated from references 5,
6, and 7. This comparison is encouraging in the sense that it tells us what we in-
tuitively would suspect; that is, the activation energies for the hydrogasification
of coal and char are not greatly different. Another encouraging factor is the variety
of reactor configurations and solid-gas contacting schemes employed in the studies
used to calculate activation energies. For example, Moseley and Paterson®/ used an
entrained reactor for their studies, Wen and Huebler®/ treated data gemerated in both
a semiflow (fixed coal charge and flowing hydrogen) and continuous -countercurrent
tubular reactor. Moseley and Paterson's char data also indicate that the hydrogasi-
fication reaction rate constant decreases with increasing char preparation tempera-
ture and would thereby be expected to be highest for raw coal, as our data confirm.

" Since Moseley and Paterson conducted their entrained reactor studies with excess

AA hydrogen, the hydrogen partial pressure remains essentially constant; therefore, it.is

possible to calculate reaction rates in their entrained reactor because mixing patterns
need not be considered. In figure 7, using a k value calculated from their data, the
rates predicted by our model are compared with their experimentally measured rates at
the various hydrogen partial pressures used in their studies. The goodness of the fit
is a further indication that this reaction model can be used under a rather wide range
of contactlng schemes and reactor conditionms. -

Since, in this model, the hydrogasification rate is a function of temperature,
hydrogen partial pressure, and carbon conversion level, we.should establish a range
for these variables over which the model applies. A very conservative estimate is
obtained by simply restricting the variables to the range covered by the.present ex- .

—~perimental study. From a process viewpoint, the-range of variables in this study, as
shown in table 2, is sufficiently wide to cover most practical process situations.
Thus, the model can be used to design most reactor systems wlthout extrapolating be-
yond the range of experimental conditions.

Equation (1), which describes the rate of hydrogasification, has the simple phys-
ical interpretation that the coal particle consists of a number of reaction sites all
equally accessible to hydrogen. The porous nature of coal~chars formed during hydro-
gasification (as shown by a cross sectional view of some typical char particles in
figure 8), indicates that this interpretation is reasonable. The rate of reaction
under these circumstances is ‘given by ’ '

1l dNs/d6 = koy_Ns
Nso. ’ Nso‘

which can be directly written in terms of coaversion as

i ) dz/de = kpy,(1-2).
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Hiteshue and co-workers conducted semiflow experimentsil at the rapid heating
rates typical of continuous operation. Their results indicate that the number of so-

" called reaction .sites Ngo capable of being converted in the relatively short residence

times of free-fall operation are .not equal to the number of carbon atoms in the coal.
"Data from reference 8 are plotted in figure 9 to show how the fraction of total carbon
available for reaction at short residence times is increased by increases in tempera- -
ture and hydrogen partial pressure. The increase in the amount of more high}y reactive
carbon with increasing temperature was also pointed out by Wen and Huebler.2/ A fairly
reasonable physical interpretation of this phenomena is that the carbon containing mole=-
cules in the coal are unstable at the hydrogasification temperatures and can either
‘form molecules amenable to further hydrogenation by the addition of hydrogen to the
solid phase or form more highly aromatic, and hence unreactive, structures by poly-
merization. This basic expglanation of hydroga51f1cat7on has also been postulated by
both Moseley and Paterson®/ and Zahradnik and Glenn.Z/ The material remaining after
the highly reactive carbon is hydrogasified also hydrogasifies, but at a much lower
rate. The kinetics of hydrogasification of this more unreactive carbon are currently
being analyzed using the data in reference 8. Though the kinetic analysis of the hy-
.drogasification of the more unreactive fraction of carbon is incomplete, it also seems
to follow the basic rate 1aw S
a
dz/de = kpﬂz(l-z),

where a is the yet undeterm1ned order of the reaction with respect to hydrogen par-
tial pressure.

Thus, hydrog351ficatlon of raw coal can be explained by assuming the existence of
the follow1ng three types of carbon:
Type 1; The highly reactive solid carbon contained in side chains which is extremely.
easy to split off from the solid molecule. This is the fraction of carbon denoted by

- E in this report.

.Typé 2. The highly reactive solid carbon which readily hydrog331fies but at a lower

rate than the carbon denoted by E. - This is the fraction of carbon whose hydrogasifi-
cation rate.is described in this paper. As shown in figure 8, the fraction of re-
active carbon depends on both the temperature and hydrogen partial pressure in- ‘the
reactor.” : -

Typé 3. The low-reactivity residual carbon which seems to react according to the

same rate law as type 2 but with a much lower value of k.
Alternate models based on char containing carbon of two d1ff yent reactivities

_have been proposed by Wen and Huebler and Blackwood and McCarthy.=

Our attention has thus far been focused on the solid carbon phase, and we should
now consider the important role of the gaseous products on the hydrogasification re-
action. One major effect of these gaseous products is, of course, the lowering of
hydrogen partial pressure. Also, since the objective of these studies is to produce
high-Btu gas, the maximum concentration of methane that can be produced and how it
depends on the contacting scheme and reactor conditions should be determined. Our
system is not a particularly good one for determining the maximum methane concentra-
tions attainable because of the short solids residence time and the non-optimum solid-
_gas contacting system. In spite of these drawbacks, it is possible to produce. a high-
Btu gas after methamating the low concentrations of carbon monoxide to bring the gas
into compliance with pipeline standards. For example, results of some experiments
with hydrogen-methane feed gas at 900° C are presented in table 3. 7he feed gas com-
position used in these experiments comes from an experimental studym which established
the feasibility of a two~stage hydrogasification system in which the raw coal is con-
tacted while in free-fall with the product gas coming from a moving-~bed char hydro-
gasifier. Details of this system are given in reference 10 and reference 3. '
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the same hydrogasification rate expression applies to systems containing up to 80 mole-
percent methane, the only effect of high methan7 concentrations is to reduce the par-

tial pressure of hydrogen. (Zielke and Gorinll/also report that in differential bed
- studies with methane-hydrogen gas mixtures and a Disco char, the only effect of methane
is to reduce the hydrogen partial pressure.) Secondly, the experimentally measured
group (YCH4/YH2P) is much higher than the equilibrium constant.for the reaction }

(
1
i
Two _important facts may be observed from the results in table ‘3. First, since J
/

C(B-graphite) + 2H, > CH, .

This is very important to process. design because the relation between the partial

pressures of methane and hydrogen and the solid carbon containing phase has been ex~ - }
plained on thermodynamic groundsS82:23 fas if there exists an equilibrium between a
solid of changing activity level and the reacting species in the gas phase. -‘This ]
explanation leads to t?e experimentally unjustified conclusion that low temperatures

(1,300° to 1,500° F)*2/ are necessary to achieve the direct production of a high-Btu |

gas in continuous systems. Indeed, this thermodynamic analogy is causing concern re-

garding the feasibility of direct hydrogasification because it implies the necessity

of remov1ng heat from hydrogasification systems to maintain temperatures at the levels

predicted by thermodynamic considerations to yield high-Btu gas. That these heat re-

moval concerns are, at least at the present, unjustified is shown not only by the

vork reported here where 80 percent methane gas has been produced at t7mperatures of

900° C (1,652° F), but also by work reported by Birch and co-workers!4/ on the hydro-

gasification of brown coal in a fluidized bed where large increaseés in both gasifi- .

cation rate and methane yield are obtained by increasing temperatures from 750° C to

950° € (1,742° F). So, based on presently available data, it appears that high-Btu
' gases can be produced at temperatures at least as high as 1,650° F. Kinetic studies

at higher temperature are needed to determine whether heat removal from large re-

actors will be necessaryor if it will simply suffice ‘to provide wall cool1ng

to protect materials of constructlon.

The danger in applying thermodynamic considerations (especially for extrapola-
tional purposes) to hydrogasification systems -becomes clear when one considers that
the reactions involved in the production of methane from coal ‘or char are not in any L
sense reversible and reversibility is a fundamental condition a system must satlsfy
to give the concept of equ1librium meaning. For example, the reaction

P .
char + CH, -> coal + Hz

has never been known to _ogccuxr. Therefore.the behavior of hydrogasification systems
must be considered to be dictated, at least to a large degree, by the k1net1cs of
the above reaction. i ) 9

A qualitative kinetic explanation for the behavior of hydrogasification systems '
is not difficult. For example, the generation of methane from raw coal or char can J
be represented by the rate equation developed in this paper which shows that the .
rate of methane formation increases exponentially with temperature up to the highest
temperature studied (900° C). Figure 9 as well.as data in reference 8 indicates . 1
that this increase in hydrogasification rate with temperature extends to 1,200° C. . )
We have already seen that at 900° € methane/hydrogen ratios greatly exceed the ratio
required for the formation of P-graphite and that the only effect of methane on hy- -
drogaSLficatlon rate even at these high methane levels is the reduction in hydrogen i
partial pressure. This simply means that the carbon deposition reaction

CH, - 2Hz + C(solid) ! o A
is slow compared to the formation rate of methane in spite of a thermodynamic driving
force for the carbon deposition reaction. This could be due to a number of factors

such as the lack of catalytic surfaces for deposit1on to occur on or their rapid poi-
soning by sulfur ﬂnd’or nitrogen compounds in the coal.
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Based on these kinetics, one suspects that the carbon deposition reaction would
be most predominant at high carbon conversions, because of the low methane formation
rates due to the influence of the (l-z) term, and at long gas phase residence times
which give the methane formed time to crack. Both of these conditions can be mini-
mized in continuous systems where carbon conversion levels will probably be on the
order of 45 percent and the vapor phase residence time can be kept short. Thus, the
continuous system may be able to operate at substantially higher temperatures and
methane concentratlons than batch systems without encountering -appreciable carbon
depositidn.

Behavior of Experimental Reactor Using Model

Basically, what we have thus far developed is a model that dllows the rate of
conversion of carbon to be calculated when the environment of the char particles is
known. In order to use this model to simulate reactor behavior, we must be able to
establish the particle environment as a function of controllable reaction parameters.
In the laboratory reactor described we can control feed gas rate Go, coal feed rate
Wso, temperature T (in a larger adiabatic reactor the temperature would be a function
of input variables rather than independently controllable), total pressure P, the
composition of the inlet gas, and the length of the reactor (within certain limits).
Since we have already established that the flow.regime in our reactor is backmixed,
the unsteady state methane flux in the reactor is described at operating time t by

(6) GoYmo-Cym(t) + Wgofcoz(t) = C‘VR.d)’(t)/dtal

where Go = feed gas rate, ymo = concentration of methane in the feed gas, G = exit gas
rate, yp(t) = concentration of methane in the exit gas at time t, Wgo = coal rate, feoo =
- molar concentration of ‘carbon in the coal, z(t) = coal carbon conversion level, o =
effective gas capacity of the reactor, and VR = effective reactor volume. Substitut-
ing equation (4) into (6) and using the approximate empirical relation

yH2(t) = 0.98-ym(t),
for the methane-hydrogen mlxtures used in these tests give

(7) Goymo-Gym(t) + Wsofco(1-(1-E)exp('kP(0-98'Ym(t))L/UT)) = aVpdym(t)/dt,
which may be used to simulate unsteady state reactor behavior when G and @ are
determined. The relation between G and G, in terms of A, Wg,, fro, and z is

(8) -G = Go-(A-L)Wgofcoz.

’ 1]
Figure 10 shows A, as defined by equation (8), as a function of solid carbon conver-
“sion for the raw coal calculated two different ways. The curve determined by the
experimental points is based on measured solid carbon conversion and the ratio of
inlet/exit gas rates. Average residue and raw coal analyses were used to compute
curves (a) and (b). Curve (a) assumes all the coal oxygen consumes hydrogen to
form water; curve (b) assumes no hydrogen is consumed by the oxygen in the coal. Also
shown are’points based on data presented by Pyrcioch and Linden (15) as well as a few
points from reference (5) both of which are based on the hydrogasification of pre-
treated coal. The difference between the curves for raw coal and pretreated coal is
of primary economic importance because it reflects the difference in hydrogen consump-
tion required to produce methane from the two feed stocks. The primary reasons for
the difference in hydrogen consumption are the H/C atom ratio of the raw coal is

about 0.83 while it is only about 0.52 for the pretreated coal and the oxygen content
of the raw coal is lower.
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As figure 10 indicates, for a raw coal feed at z<.45 A= 1 so under these conditions
G = Go. Equations (7) and (8) together with an estimate of ¢ may be used to simulate
the behavior of the experimental reactor. Because of the internal construction of
the IHR reactor used to test the simulation model, it is difficult to determine the

celfective volume for gas mixing and it was therefore necessary to.find the value of «

from experimental data rather than calculating it from reactor volume, temperature,
and pressure. The use of this technique to simulate a typical unsteady state per-
formance of the experimental reactor with hydrogen feed is illustrated in figure i1l -
by comparing the predicted methane concentration with that measured. Figure 12 shows
the simulation of the unsteady state period of some runs using a hydrogen-methane feed
gas. Results in figures 11 and 12 indicate that the reactor approaches steady state
quicker with hydrogen-methane mixtures than with hydrogen alone. The reason for the
lowering of o with increasing methane concentration, which is also indicated in fig-
ure 11, is not known but might be due to either the increased density of the gas,
causing less transfer of hydrogen-rich hopper gas into the sample system, or due to
the lower diffusivity of the mixture which would also result in less transfer between
the reactor and insulating shell., Thus, average values of @ may be calculated from

experimental data and the average o together with equations (7) and (8) can be used

to simulate unsteady state behavior of the reactor. However, while simulation of
the unsteady-state behavior of the reactor is useful in that it lends credibility to
the model, establishes the operating time necessary to approach steady state, and
allows experiments to be simulated at conditions not experimentally attainable, it
is the steady state behavior of the reactor that is most important. Calculation of
steady-state operating parameters is accomplished by simply setting dyp(t)/dt = O in
equation (7). Steady state behavior in terms of inmput parameters .is then summarized
(9)  GoYmo-Yms (Go- A -Wgofcozs) + Wsofco(l-(1-E)exp (-kP(0.98-yns)L/UT)) = O,
and

(10) zg = 1-(1~E)exp(-kP(0.98-yms)L/Ur),

where the subscript s refers to steady state conditions.
CONCLUSIONS

A reaction model for the hydrogasification of raw bituminous coal has been
developéd. This model is shown to be physically reasonable and to allow for the correla-
tion of char hydrogasification data as well as the data for raw coal. The hydro-
gasification data indicates that the solid .carbon reacts with hydrogen in three
definite modes each of which has a different reactivity than the preceding.

The hydrogasification of raw coal is found to have two processing advantages over
coal-chars in addition to the savings in pretreatment cost. These are a considerably
higher hydrogasification rate than coal-chars-and a much lower hydrogen consumption
to produce a unit of methane. ’

Finally, the thermodynamic analogue, which has been widely used to predict de-
sirable conditions for high methane concentrations in hydrogasification processes,
is questloned and an alternate approach via kinetics is suggested as a means of de-
termining the relatlonshlps between concentrations of gas phase species and the
solid phase.

SUMMARY OF NOTATION AND UNITS

0 = the particle residence time at any point in the reactor, hr.
Oy = the particle residence time at Yhe reactor exit, hr.
t = the operating time defined as t = o when the coal feed starts and t = tp when
the coal feed is terminated, hr.
z* = the instantaneous solid carbon conversion at any point in the reactor, z*=z*(t,0).
z{(t) = the instantaneous carbon conversion at the reactor ex1t, z(t) = z*{t.,8,).

@
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%z = the integrated average solid carbon conversion over the run t1me t .-
zg = the steady .state solid carbon conversion level.

- k = the reaction rate constant, atm ‘hr ™}, ]
pﬂa(t) = the hydrogen partial pressure in the reactor at time t, atm,
-P = total reactor pressure, atm.

L = reactor length, ft,

Ut = particle terminal velocity, ft/hr.

E = .fraction of carbon in coal that is immediately devolatized

‘Ng = number of carbon atoms in coal, Ng = £(t,0).

Nso = initial number of carbon atoms in coal. :

ym(t) = mole fraction of methane in exit gas at operating time t.

ymo = mole fraction of methane in feed gas. -

Yms = mole fraction of methane in exit gas at steady state.

YH,(t) = mole fraction of hydrogen in feed gas at operating time t.
Go = gas feed rate, lb-mole/hr.

G = exit gas rate, lb-mole/hr.

Wgo = coal feed rate, lb/hr.

fco = carbon content of coal feed, 1b-mole/1b-coal.

Vg effective volume of reactor, cu ft. )

a = effective reactor gas capacity, lb-mole/cu ft reactor.

A = a stoichiometric coefficient.
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Figure 8-Cross section of char particle
at 220 magnification.
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OPERATION OF A SPRAYED RANEY NICKEL TUBE WALL REACTOR

'FOR PRODUCTION OF A HIGH-BTU GAS

W. P. Haynes, J. J. Elliott, A, J. Youngblood, and A, J. Forney
Bureau of Mines, U.S. Department of the Interior

4800 Forbes Avenue, Pittsburgh, Pennsylvania 15213

INTRODUCTION

Almost all processes for the production of high-Btu gas from
coal require a clean-up methanation step to upgrade the product gas
to a heating value of at least 900 Btu/SCF. Such upgradiné'is needed
both after steam-oxygen gasification of coal and after most . processes
for_hydrogasification of coal. Metﬁanation over a nickel c#talyst is
one of the most promising methods of achieying the required heating
value. A major difficulty in the development of a suitable catalytic
methanation reactor is in controlling the temperature of the highly
exothermic reaction 3H, + CO EUgi"C) CHg + Hp0, where the heat
of reaction is about 65 Btu/SCF of feed gas converted. Efficient heat
removal is requifed.to prevent excessive reaction temperatures and
catalyst deterioration,

Catalytic synthesis of methane has been studied in various
reactor configuraéions, such as :

(a) Fixed-bed reactor, with cooiiné achieved through

heat exchange surface; (1) (2)lj

1/ Numbers in parentheses refer to references at end of paper, |
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(b) Fixed-bed reactor, cooled directly by gas recycle

’ .

(3) @ () )
(c) Fluidized-bed reactor, coéi;d’indirectly by heat
exchange surface (6) (7); and - »
(d) Tube-wa}l reactor, where the catalyst is cooled
becausg of being integral with or bonded to heat-exchanger
“tubes (8) (9).
The bench-scale developmental work performed at the Bureau of Mines
on 1.2" and 1.3J outside-diameter single-tube tu;e-wall reactors has
indicated that such reactors, with tubes coated with Raney nickel
catalyst, provide excellent temperature control and result in high
ylelds per weight of catalyst of up to 300,000 SCF of high-Bfu gas
per pound of catalyst (10).- Development of the tube~wai1 reactor,
therefore, is proceeding aﬁ the pilot-plant level in a multitube

reactor unit. The initial experimental work performed in the pilot

plant unit is reported in this paper.

Equipment

The tubé-wail reactor used in this series of experimgnts was a
multitube unit, as shown in.figures 1 and 2. The shell of the
readéor is Seinch; schedule-40 stainless-steel pipe, with an overall
length of 11 ft. The unit contains 7 catalyst tubés, each 2 inches

in diameter by 7 ft long. The outer surface of each tube is thermally

~ sprayed. with Raﬁey nickel over a length of 6 feet and to a depth of
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0.020-0.030 jnch. Each catalyst tube has a 1-inch diameter dipftubé
doﬁn-the center. Liquid Dowtherw* passes down the dip-tube and then
boils as it pasées upﬁard khrough the annulus to remove thé heat of
reaction. The Dﬁwtherm vapor enters the condenser abdve; is indir-
ectly cooled and condensed with water, and then by gravity feeds
back into the cenfer tube. To achieve good contact between gas and
catalyst, the coated 1engths’of the'sﬁrayed tubes hré baffled-so
that the synthesis gas, as it passes upward through the re#c?or, is
forced by the horizontal baffles to take a tortu&us pa;h across the
tube surfaces;~ ’

Thermocouple ﬁeils-were mounted along the length of the cata-.
lyst surface of four tubes. Three thetmocouples.were placed in each’
. wéil-énd were Qpaced‘Z.feetﬂapkrt.‘:A cﬁlibratea and motérized driye
moved these thermocoqbleé a total of 2 feet to ﬁermit measurement of’
catalyst temﬁerétﬁreé 15.1F1nch_increments along the entire 6-foot -
length of each of the four tubés; -

A séhematic floésheet of the reactor system_is shown in figure 3,
where it is shown that the feed gas to the reactor is preheated by.a
series of three4ﬁeat,eg¢hangérs._ The first exchanger is steam-ﬁeated,

the second'exchanger recovers sensible heat from the hot.product gas,

and the third is heated by Dowtherm vapor. Product water is condensed

from the product gas stream; then part of the dry product gas is

returned to the feed gas stream. Recycle of dry product gas reduces

* Reference to trade names is made to facilitate understanding and
_does not imply endorsement by the Bureau of Mimes.

N
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the water vapor conceﬁtration of the reaction'gas and thereby helps
to maintain the activity of the catalysts as well as increase the
yield of methane (10).

Fresh synthesis gas is made from natural gas in a Girdler plant
and stored in §0,000 ft3 holders until needed, The gas then is com-
pressed to 500 psi, passed through a silica gel trap for dehumidifi-
cation, then through two charcoal traps in series to remove sul fur
compounds. A cqnﬁinuous ana}jzer reco;ds.the sulfur concentration
in the feed gas which is maintained below 0.1 grain HzS/1000 SCF.
Analyses of fregh gas and product gas were performed by'mass spec;
trometry and gas chromatography. Impurities Op, No, and COp were
present in the fresh synthesis gas in the range of 0.1, 0.4, and 0
to 1 percent, respectively.

Operation
After the reactor system was assembled and leak~-tested, the
Réney nickel catalyst (427 Ni + 587 Al) was activated in place by
treatment at 90° C temperature with 2 wt pct sodium hydroxide solu-

tion. After the aluminum was leached to the extent desired, as indi-

cated by measurement of hydrogen evolution, the caugtic solution was

displaced with water, and ﬁhe catalyst was waéﬁed witﬁ 20 gal per hr
of cold tap water for about 24 hours. DistilledAwater was then used
until a reasonabiy constant pH was attained in thé wash water. 1In
experiment TWR=-1, a pH of 5.7 was reached after 48 h;urs washing;

in experiment TWR-2, a pH of 9,0 was reached after 45 hours. _These

values were about 0.2 above pH of the fresh distilled water. After the

water was drained, the activated catalyst was kept under a hydrogen
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atmosphere until synthesis gas was fed to the reactor. The amount
of aluminum digested was 65 percent in the first experiment and '
50 percent in the seéond experiment. Catalyst in experimént TWR -2
was activated an additional 20 pct after 964 hours operation.

After aétivation of the catalyst, the unit was brought to
operating pressure and ‘temperature under an atmosphere of hot
recycling hydrogen. Before tﬁe synthesis gas was admitted to the
system, pétalyst tube surface temperatures ranged from 325° to
339° ¢ in éxperimenﬁ TWR-1 and from 369° to 387° C in experiment
TWR-2. '

Syntheéis gas was fed into the system which was then brought
to desired steady-state conditions by adjustment of gas flows,
reactor pressure, and catalyst temperature. A minimum synthesis
temperature of 390° C was reached within 5 hours in experiment

TWR-1 and within 1 hour in experiment TWR-2.

Results

Most of the operating conditions over the length of experi-
ments TWR-1 and TWR-Z are shown in figures 4 and 5. Heating values
of the Ns-, Op-free dry product gas are 'shown. Values of the H:CO
ratio of the feed gas are not shown, but they ranged from 2.27 to
3.35.

Additiona; data, including H./CO ratips{ conversions, product
gas analysis,and yields, at selected fimeg in experiments TWR-~1 aﬁd

-2 are presented in tables 1 and 2. The average temperatures shown
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in tables 1 and 2 represent the average of temperatures of 4 tubes
at some common distance from the gas inlet determined to be the
hottest point in the reactor. The maximum temperatures are plotted
in figurés 4 and 5.

Discussion of Results

General Per formance

'-The length of experiment TWR-1 was 338 hours. During the ini-
tial 100 hours of operation at a feed fate of 600 SCFH and maximum
catalyst temperature of 398° to 401° C, the heating valué of the -
product gas gradvally decreased from 950 to 910 Btu/SCF'g‘-/\-- Tl;is
decfease indicated that the catalyst immediately began to iose_activity.
Overall loss of catalyst activity by the end»of the-experiment was so
great that the heating value of the product gas fell to 720 Btu/SCF
when the feed rate was 600 SCFH and.maximum caealyst temperature was
403° C.

The length of experiment TWR-2 was 1055 hours, including the

hours of synthesis after the second activation; this indicates that

- loss of catalyst activity was much slower than in the case of test

TWR-l. After 675 hours of operation, pfoduct gas of 900 Btu per SCF
heating valﬁe was being prodﬁced at 402° C maximum catalyst tempera-
tufe, 300 psi, and 600 SCFH frgsh feed rate. The "increase in catalyst
life in experiment TWR-2 is attrib;ted to the repression of nickel

carbide formation which is discussed later.

-2/ Heating values are based on Ny- O,-free gas with SCF taken at 60° F,

30 in. Hg. and dry.
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The second activation of the catalyst in experiment TWR-2
improved the caﬁalyst acti?ity significantly, as is indicated by
resultant increases in the heating value of the product éas. For
example, as shown in f;gure 5,.before the second activation.at
964 hours, the product gas heating value was 690 Btu/SCF for a feed
gas rate of 2400 SCFH; after the second activation and at 1055 hoﬁrs;
the hedting value increased to 765 Btu/SCF for the same feed gas rate.
The catalyst life in experiment TWR-2 might have been longer had the
catalyst been activated to 70 pct initially rather than 50 pct.
Dirksen and Linden (6) indicated that at activation of at least
65 pct-of the catalyst is required for long catalyst life.

Although the system had charcoal traps to remove organic sul~-
fur from the fresh synthesis gas, sulfur cqncentfations of up to
0.8 wt pct were determined on samples of the used cétalyst in experi-
ment .TWR-2. This suggests that sulfur poisoning contributed to the
decrease‘in catalyst activity.

Heat removal and control of catalyst temperature by means of
the Dowtherm coolant was excellent. In'bofh experiments, there

were no runaway temperatures at any time.

Conversion- and Gas-Feed Rate

As shown in tables 1 and 2, in the first part of experiment
TWR-1, conversion of CO + Ho was as high as 99 pct at a.gas feed
rate of approximately 600 SCFH; and 97.9 pct at approximately 1200

SCFH. 1In comparison, conversion of CO + H, during the early part
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of experiment TWR-2 was lower; for example, at 71 hours.conQersion
was 95.5 pct at about 1200 SCFH feed g;s rate. This relatively
lower conversion in experiment TWR-2 was caused by the excess of
hydrogen in the feed gas, as shown ﬁy the H,:CO ratios greater
than 3:1. Such hydrogen excess lowers the heating value of the
product gas by acting as a diiuent, but at the same time,_favoré
co uéage. |

The comParativelyblgwer values of‘CO in the product‘gas of
experiment TWR-2 are notable; lSuch high usage of CO is desired
because it represses carbide formation, indicates gobd cé£a1yst
activity, and provide; a pipeline gas of low toxicity.

As gas feed rates were increased to about'2400 SCFH or‘106 SCFH
per sq ft catalyst surface, CQO + Ho convefsion decreased signifi-
cantly. for example, in experiment TWR-2 at 71 hours and 267 hours,
respectively, conversion dropﬁed‘from 95.5 pct at 1216 SCEH feed
rate to 89.4 pct at 2432 SCFH feed rate. This performance is con-

siderably lower than that achieved in earlier bench-scale experiments

‘ (10) on a signle-tube tube-wall reactor where conversions of greater

than 98 pct were sustained for more‘thaﬁ 1200 hours at gas feed rates
of 105 SCFH per sq ft catalyst surface. Two other possible reasons
(in addition to the presence of excess hyd;ogen)‘for the lower per-
formance in the multitube reactor are that diffusional distances

from the bulk gas to the catalyst surface for the multitube unit
were several-fold greater than for the single tube unit and that

turbulent mixing in the large multitube unit was poorer than in the
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highly baffled bench-scale unit. Future modifications to the multi-
tube reactor will improve these two factors.

Carbide Formation

In experiment TWR-1, formation of nickel carbide and flaking
of the catalyst from the surface are suspected of contributing to
the rapid decline in catalyst performance. Nickel carbide forwation
was verified by X-ray anaiyses of samples scraped from the surface of
the spent catalyst tubes, The analyses showed in order of declining
abundance: NisC; Ni; aluminum nickel catalyst (cubic F.C.); and
NixC (x>4). Nickel carbide predéminated at both the gas outlet and
inlet ends of the catalyst tubes and in catalyst particles accumu-
lated in the reactor bottom. Formation of nickel carbide was the
result of too much exposure of tﬁe catalyst to CO at temperatures
favoring carbide formation; less than 370° C.

Experiment TWR=-2 was conductgd with the aim of repressing carbide
formation and achieving higher catalyst performance than was achieved
in TWR-1. One step taken to minimize carbide formation was to get the
catalyst temperature above the carbide formation region as soon as
poSsible (within‘l hour) during start of syqthesis and to maintain the
catalyst temperature above 390° C throughout synthesis. The quick
start-up was achieved by preheating the reactor and feed gas to

higher temperatures than those used in experiment TWR-1. Another step

o — AL
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taken to inhibit carbide formation was to use a feed gas that con-
tained excess hydrogen. These approaches proved effective, as
shown by X-ray analyses of the catalyst surface at the conclusion
of the experiment. Free nickel was the major constituent found on
the catalyst surface, while nickel carbide (NisC) was found to a
lesser extent. No carbide was found at the gas outlet end of the
cataijst tubes.

Catalyst Bonding

Inspection of the tube bundle at the conclusion of test TWR-1.
showed that large segments of the catalyst had flaked froﬁ the tubes.
Figﬁre 6 is a photograph of a section where flaking occurred. Such
flaking was not evident at the end of test TWR-2. A suggested explana~
tion of the more stable bond in test TWR-2 is that the lower percent
activation'of the catalyst with caustic solution resulted in less
initial disturbance of the bond between catalyst and tube than had

occurred in test TWR-1.

Temperature P;ofile and Heat Removal

Temperature profiles measured along the catalyst tubes indi-
cated that the amount of reaction occurring along the -length of the
catalyst tubes was dependent upon the following: velocity and direc-

tion of gas flow, distance from point of gas entry, and location of

"baffle plates.



- 36 -

Figure 7 shows a typical temperature profile of one of the
catalyst tubes (tube F) in'experiment TWR-1 after 50 hours of
operation; feed gas rate is about 600 SCFH and recycle ratio is 1l:l.
The direction of gas flow was parallel, rather than normal,-to thé
tube surface at the points of temperature measurement. On tube F,
temperature peaks generally coincide with the location of a baffle
plate. - Temperature profiles of some of the other tubes showéd peak
temperatures at every other baffle plate. No satisfactory explana-
tion of these patterns has been established. It has been noted
that average tube temperatures may vary by up to 5° C from tube to
tube.

Dowtherm temperatures remained ¥elative1y constant along the
length of the catalyst tube. Typically, at 532 hours operation in
experiment TWR-2, Dowtherm temperatures as measured in tube G were -
386° C at the bottom, 386° C at the middle, and 387° C at the top.
This indicgtes that Dowtherm circulation was good. Based on a
heat release of 65 Btu per SCF synthesisAgas converted during the
532-hour period_énd a difference of 18.2° F between the average
tube surface temperature and the average Dowtherm temperature, the
calculated overall heat transfer coefficient of the reactor ;s

182 Btu per hour per sq ft per ° F. This is of the same magnitude
as the value of 275 Btu per hr per sq ft per ° F reported for a

3-ft single tube bench-scale unit (10).
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Conclusion
A pilot-plant size tube-wall methénntion reactor ﬁaa been

operated satisfactorily in two tests, providing exceilent tempera=-
ture control and needing a modicum of gas recycle, Catélystviife
and yields of produ;t gas were not.as great as those achieved in .
previous bench-scale tests. However, use of higher temperaturés'
and -excess hydrogen in the second test inhibited carbide-formation
and increased catalyst life significantly over that of the first .
test. In future tests, a further increase in catalyst life should
be achieved by a more rigorous rem§val of sulfur from‘thé feed gﬁs

and a more complete activation of the catalyst. A satisfactory

900 Btu per SCF product gas was yieided at a specific feed rate

of about 54 SCFH per sq ft catalyst. A reduction in excees hydro-
gen fed .r ; the reactor ‘and, possibly, an improvement in contacting
of the gas and catalyst are needed to yield a satisféctory product
gas af the higher gas feed rate of 105 SCFH per sq ft of catalygt

surface, formerly achieved in the Bureau of Mines bench=-scale units.




TABLE ‘1. - Selected operating results at various times in
’ Experiment TWR-1
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Synthesis, hours..............
System pressure, psig ....... B
Fresh gas rate, SCFH .........

Fresh gas/catalyst area, "
SCFH/EEZ ... iiiiieieninnnnn.

Vol. recycle/vol. fresh gas,..
Vol. product gas/vol. fresh gas
H5/CO in fresh gas............

- Catalyst temperature, ° C:
Average ..........00 Ceeeeean

Conversion, pct:

Product gas composition,
vol. pct (No-free): -

Product gas heating value,

a
Btu/SCFij ....................

30.1

0.86

0.27

2.40

48
300

607

27.0
0.87
0.267

2.43
- 393

98.
100.
99.

(=N}

[ S = R Y]
~N O W

941

3.91

145

300

1214 .

54.6
‘1.11

0.276

399

97.
99.
97.

o wo

= o N o

192
300

2383

106.2

1.04

0.406

2 59

398

76.
78.
76.

O O W

42,
14.

40.

w
sENO NN

598

13.3

312

400
1213
54.0
1.94

0.406

2.59

398

~
~
N oo

N
=N PN

581

11.4

336
400

614

27.3

0.343

2.73

1/ SCF based on 60° F and 30 in.

Hg., dry
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Figure 1. C(etalyst Tubes and 8-inch Shell of
Multitube Methanation Reactor



- 43 -

.Cooling water
- exit | [

«—Condenser 4' long

&
(—

Cooling water inlet

Wjﬂ Condenser tubes

-=F-ﬁ : Vopor_ standpipe
aid IN—Dowtherm liquid
4 E level

MU Multitube  reactor
Gas exﬂ-—cE N 8" dia, 7' long

| Seven 2" dia tubes
EH I — flame coated with
Raney nickel, 6 long

Figure 2. Multitube Reactor for Synthesis
of High-Btu Gas
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Figure 4. Operating Conditions - Experiment TWR- 1
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of Reactor Where

Flaking Occurred
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DESULFURIZATION OF RESIDS

H. D. Radford and R. G. Rigg

Research ‘and Development Department, American 0il Company, Whiting, Indiana

INTRODUCTION

For the past several years there has been an increasing incentive to
develop suitable technology for removing sulfur from petroleum residua(l,2,3,4,5).
New York City now specifies a 1.07 waximum allowable sulfur concentration for its
fuels(6), and similar restrictions have been, or soon will be, adopted in other
metropolitan areas. However, typical sulfur concentrations in the resids from
several important crude sources are:

‘Characteristics of Resids

Crude Source Type Vol7% on Crude Wt% Sulfur
Domestic Vacuum 0 - 20 1.0 - 4.0
Caribbean Atmospheric ~ 56 2.6
Middle East Atwospheric 50 2.5-5.0

Consequently, the need for desulfurized fuels is expected to increase rabidly in
the near future.

Anticipating this need, American 0il Company has developed a fixed-bed
catalytic hydrodesulfurization process that is now ready for commercialization.
Among its unique features is a stable catalyst that resists poisoning by sulfur,
nitrogen, metals, coke-forming materials, and other troublesome constituents of
resids.

The process was developed in various bench-scale units, and then com-
mercial feasibility was demonstrated in a fully integrated pilot plant having a
maximum feed rate of 2 B/SD. Whenever possible, experimental runs were designed
to simulate all operations required in a full-scale unit. As a result, the
evaluations cover the effects of anticipated variations in catalyst performance
and life, types of feedstocks, and desired desulfurization levels. Work has also
been started on a process model for the prediction of plant size and process
conditions for the most economical desulfurization of any given feed.

EXPERIMENTAL

Equipment

Figure 1 typifies the bench-scale units. The smaller ones have reactors
varying in capacity from 20 to 250 cc of catalyst with allowable pressures up to
3500 psig. Operations were based on once-through gas and oil flow, batch-type
product accumulation, and continuous gas release. Larger units capable of
containing 1000 cc of catalyst and having gas scrubbing and recycle systems were
also used.

The 2-B/SD pilot plant is shown schematically in Figure 2. The reactor
section, which is 30 feet long and has an internal diameter of 2 inches, allows
mass velocities about 50% as high as those anticipated for commercial design.
Operation is adiabatic. Several separately controlled gas quenches are located
along the reactor wall for the automatic injection of cooling gas to compensate
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for the temperature rise in individual catalyst beds. A traveling thermocouple
passes axially through the reactor to measure the complete temperature profile
within the beds. A typical profile is shown in Figure 3.

The pilot plant also includes separators and fractionating towers.
The only inputs are raw residual oil, hydrogen, and water for cooling and gas-
scrubbing. Outputs are a desulfurized and stabilized residual oil, a naphtha

fraction, and a gas stream which is continuously monitored by gas chromatography.

In addition, the plant contains its own gas recycle and scrubbing facilities
and is typically operated on pressure control. Only enough fresh hydrogen is
added to compensate for hydrogen consumption and solubility losses.

Feedstocks

Table I lists the properties of typical resids and crudes used in the
process evaluations. They cover a wide range of processing difficulty. The
atmospheric resids from the Middle East are examples. Those designated B
(Kuwait) and C are comparatively high-gravity, low-viscosity materials that are
relatively easy to process. At the other extreme, Resid A is highly viscous,
contains 5.2 wt% sulfur and 18-20 wt% asphaltenes (heptane insolubles), and has
a 9.5°API gravity.

CATALYST EVALUATIONS

Over 140 possible catalysts were‘r gluated for the process. Criteria
included: 1]

o
1. low cost

2. high initial activity for removing sulfur
3. good activity maintenance

4. ability to resist poisoning by sulfur, nitrogen, metals, and
other harmful constituents of petroleum resids.

The catalyst selected appears to have an optimum combination of the above
attributes. '

The deposition of metallic contaminants, especially vanadium and nickel,
within the catalyst structure can be an especially severe problem in desulfuri-
zation processes. Hence, particle size is important; the most satisfactory
catalysts have a high ratio of external surface area to total volume within the
limitations of pressure drop considerations.

During some evaluation runs, the accumulation of vanadium and nickel
in used catalyst particles was great enough to almost double the original weight
of the fresh catalyst. However, the higher concentration of metals was always
found near the outer surface, and considerable internal volume of the catalyst
particle still had only a small concentration of metals. The distribution of
metals longitudinally through the catalyst bed also showed a distinct pattern..
Catalyst particles removed from the lower zone always contained considerably

less vanadium and nickel than those taken from the top zone adjacent to the
feed entrance.

Coke formation was never a problem when proper temperature profiles
and hydrogen partial pressure were maintained in the reactor system. In

I8
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contrast to the deposition pattern of metals, carbon was fairly evenly distributed
throughout the catalyst particle.

PROCESS PARAMETERS

Production of a material containing only 1 wt% sulfur from any given
feedstock was the criterion for success in the application of the process.
However, the feedstock itself strongly influences the process severity required
to reach a given level of desulfurization.

With suitable variations in process conditions, all the feedstocks in

Table I were desulfurized to the desired level. Table 11 shows typical data for
Resids A and C, where the yields correspond to the production of a 1 wt% sulfur,
350+°F resid. There is very little conversion to materials that must be removed
to permit the product to meet flash specifications for a residual fuel. As a
result, hydrogen consumption is also low (shown as a negative yield in the table).
For both resids, gravity increased, viscosity decreased, and sulfur, nitrogen,
and metals contents were all reduced. In addition, carbon residue decreased by

-about 50%.°

Effect of Reactor Volume on Desulfurization Level

Figure 4 shows the effect of reactor volume on the sulfur content of
resids A and B at constant pressure, temperature, and catalyst activity. The
relative reactor volume is, of course, proportional to the reciprocal of space
velocity in volumes of o0il per hour per volume of catalyst. Sulfur content of
the product is intentionally plotted on a logarithmic scale to show that resid
desulfurization deviates sharply from first-order kinetics, which would result
in a straight line on such a plot.

A comparison of the points at which the curves pass through the 1 wt?%
sulfur level (dashed line) indicates that Resid A requires a reactor almost
three times as large as the one required by Resid B to reach the 1 wt% sulfur

“level. Similar curves for various feedstocks can be developed and related -

qualitatively to the physical and chemical properties of individual resids.

Although such curves can be fitted by pseudo second-order kinetics,
this approach is not considered appropriate because desulfurization of lighter
individual molecules has been shown to be first order(7). Therefore, Figure
4 probably reflects a series of first-order desulfurization reactions with rate
constants that depend on the chemical structure in which the sulfur atoms reside.
This, in effect, explains the bending over or flattening of the curve as the

sulfur level is reduced and more -difficult-to-remove sulfur atoms are encountered.

Effect of Desulfurization on Product Properties

As shown in Table II, hydrodesulfurization profoundly affects the
viscosity of a residual fuel. Although only a small amount of atmospheric resid
is converted to lower-boiling materials during desulfurization, the viscosity of
the desulfurized resid is more readily correlated with the conversion to a
particular boiling-range material than with the sulfur level of the product.
This effect is illustrated in Figure 5 which shows the product viscosities of
several typical desulfurized resids as functions of the amount of 650+°F resid
converted to material boiling below 650°F. In some cases, such as Resids B, C,
and D, it was possible to produce a low-sulfur material meeting No. 6 oil

viscosity specifications. In other cases, such as Resids A and G, over-conversion

of the resids would be required to meet specifications. This, of course, would
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TABLE II

DESULFURIZATION DATA FOR RESIDS A AND C

Properties of Feed and Product

Resid C Resid A
) Total ", Total
Feed Liquid Product Feed Liquid Product
i
Gravity, °API 17.2 23.7 9.5 19.5
Sulfur, Wt% 4.3 1.0 5.2 1.0
Nitrogen, ppm 1600 - 1300 4100 2600
Ramsbottom Carbon, Wt% . 8 4 17 8 .
Pour Point, °F 65 55 85 20 ,
Viscosity, SSF at 122°F 101 60 14000 90
Metals, ppm 1
Nickel 9 4 58 . 22
Vanadium - . 32 9 167 50
Desulfurization Yields
Resid C Resid A . /
Wt Vol7 Sulfur, Wt7% Wt%Z  Vol% Sulfur, Wt%
Ho -0.8 -- -- -1.2 -- -- i
- HaS + NHg4 3.6 -- -- 4.8 -- --
C,-Cy 0.8 -- -- 1.2 -- --
C5-350°F - 1.7 2.1 0.05 1.0 1.3 0.01
350+°F 94.7 _98.5 1.0 94.2 101.3 1.0
100.0 100.6 100.0 102.6

Hydrogen Consumption = 480 SCFB Hydrogen Consumption = 760 SCFB
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result in too high a hydrogen consumption and thus a higher processing cost. In
these cases, dilution with cutter stock is usually a better way to meet viscosity
spec1f1cat10ns

Metals removal is not particularly significant in the production of a
residual fuel. However, it is important with respect to overall economics
because deposited metals ultimately limit the useful life of the catalyst.
Figure 6 shows the relationship between demetalation and desulfurization for
several feedstocks. Although there is a distinct relationship for each feed,
the overall pattern suggests that a generalized correlation is possible.

SUSTAINED OPERATION

The commercial feasibility of the resid desulfurization process
depends principally on how well the catalyst performs in sustained operations
over significant periods of time. Figure 7 shows the 350+°F product sulfur
content plotted as a function of time-on-o0il for the desulfurization of Resid

-C in a continuous operation in bench-scale equipment. Conditions were selected

to yield a 350+°F product containing less that 1 wt% sulfur. Over a 60-day
period, no problems were encountered in maintaining this sulfur level.

Figure 8 shows the results of a considerably more difficult continuous
operation in which Resid A was desulfurized in the 2 B/SD integrated pilot plant.
Over a period of about three months, the 350+°F product showed a level of no
more than 1 to 1.2 wt% sulfur. Following this operation, samples of catalyst
were removed from the reactor and used in subsequent bench-scale studies of
catalyst life with a variety of resid feedstocks. Thus, total on-oil time for
this catalyst was extended to over seven months.

Ultimately, sustained operation depends on how catalyst activity is
affected by both the metals content of the feedstock and the severity of opera-
tion required to reach a particular sulfur level. As a result, general numbers
for catalyst life cannot be quoted. However, the results in Figures 7 and.8
indicate that catalyst life will be in excess of one year for the desulfurization
of a material like Resid C to the 1 wt% sulfur level, and at least six to eight
months for a material like Resid A.

PROCESS MODEL

Work is now under way to develop a process model for predicting
process requirements for the desulfurization of any given feed. The approach
centers in first separating petroleum resids into oils, resins, and asphaltenes--
the three fractions common to all resids. Next, reaction rates are determined
for each fraction from various resids. Finally, a generalized process model is
constructed on the basis of these rates.

Reaction rates for the same fractions from a variety of resids are
proving to be remarkably similar. Typical curves of product composition versus
overall conversion of the resid are given in Figure 9. These curves illustrate
the behavior of the three fractions as well as the 650-1000°F gas oil during the
hydroprocessing of Resid C. The resins, which are highly aromatic and contain
significant quantities of sulfur, readily disappear; however, the oils, which
are more paraffinic and contain less sulfur, disappear at a s1gn1f1cant1y lower
rate. The curve for asphaltenes is similar to that for resins but has a flatter
slope, indicating that asphaltenes are significantly less reactive. The curves
being developed for other feedstocks will be incorporated in the process model
for resid desulfurization.
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ECONOMICS

The hydrodesulfurization process is still relatively expensive by
petroleum processing standards. The capital investment for large reactors
which operate at high pressures and high temperatures, the consumption of
hydrogen during the processing, and the use of large volumes of a catalyst
with a relatively short life all contribute to the costs. Moreover, processing
costs also depend on the feedstock. As an example, Table III shows the difference
in costs for desulfurizing Resid B and the more difficult-to-process Resid A to
the same 1 wt% sulfur level. The comparison is based on Gulf Coast installation
costs and fuel at 4¢ per FOE gallon, power at $0.004 per KWH, and steam at $0.45
per 1000 1lb. These data show conclusively that even with feeds of similar sulfur
contents which are desulfurized to similar levels, significant differences in
processing costs exist. Capital charges and catalyst costs vary with the reactor
size required. Utilities costs depend on hydrogen consumption and would be
subject to further variability if a different fuel value were used. Consequently,
specific cost estimates must be based on a specific feed, a specific desulfuriza-
tion level, a specific place of investment, and a specific fuel value.

CONCLUSION

A process for the removal of sulfur from a wide variety of resid-
containing materials has been developed. Sustained operation has been successfully.
demonstrated iu pilot scale equipment using a proprietary catalyst. A process
model which will allow the prediction of process performance for any feedstock
under any set of processing conditions is now being developed. Where direct
resid desulfurization is attractive for sulfur emissions control, use of this
process and attendant model will allow design and operation of commercial units.

TABLE III

COMPARISON OF DESULFURIZATION COSTS
FOR 50,000 B/SD OF RESIDS A AND B

Basis: 1 Wt% sulfur in the 350+°F product

"Economics
Costs for Resid A minus B

Costs, ¢/B of resid

Utilities 3.7
Catalyst and Chemicals 4.3
All other direct and overhead 4.5
Capital charge 12.4
Total 24.9 -
Sulfur Credit -3.2
Vanadium Credit . -1.4

Difference in upgrading costs, ¢/B of resid 20.3
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FIGURE 1

BENCH-SCALE UNITS FOR RESID
DESULFURIZATION
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FIGURE 2

2 B/SD PILOT PLANT FOR RESID DESULFURIZATION
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FIGURE 3

TYPICAL TEMPERATURE PROFILE IN 2 B/SD PILOT PLANT
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FIGURE 4

EFFECT OF REACTOR SIZE ON DESULFURIZATION LEVEL
‘OF RESIDS A AND B
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FIGURE @

RELATIONSHIP BETWEEN DEMETALATION AND DESULFURIZATION

DEMETALATION, WT%

OF VARIOUS RESIDS
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FIGURE 9

HYDROPROCESSING OF RESID C
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DEMETALLATION, DEACTIVATION AND BEDPLUGGING
IN RESIDUUM HYDRODESULFURISATION

Esmond ' J. Newson

' Technical University of Denmark
Instituttet for Kemiteknik .
Bygning 229, 2800 Lyngby, Denmark "

The reduction of sulfur oxideAemissions resulting from the use
of high-sulfur crudes has recently become of increasing importance,
High sulfur petroleum fuel oils contribute to the probléms-of air
pollution.vThe conversion of high sulfur crudes to éynthetic crudes
" low in sulfur, would increase'tﬁelsuppiy of limited natural re;

" sources, _' ‘

One method of}reducing the sulfur content in crude oils and re-~
>Sidua is residuum hydrodesulfurisatioh in trickle-bed reactors.
Total operating costs for this process can beé divided into three
componénts i.,e, catalyst costs, hydrogen consumption costs and
_ufilities Plus investment charggs.’Catalyst costs represent a sig-
nifiéant fraction of the total operating costs and also control thé
hydrogen and investment costs. . _

" The facfors contriButing to catalyst utilisation will be the

subjeqt of this paper. These factors are classified broadly iﬁto

two categories, Intraparticle diffusion leading to pore plugging and
rapid catalyst deactivation, Sccondly, interparticle»roac%ion 1eadfﬁg
to bcd-plugging, The -possibilities for increasing catalyst utilisa-~

tion in thesc two respects will also be considered,
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PORE DIFFUSION IN RESIDUUM DESULFURISATION-DEMETALLATION

(1-5)

on residuum hydrodésulfurisation, the
major conclusion is that metals contents of the feeds esscentially

From recent papers
control catalyst ﬁtilisation. Analysis of porc diffusion problems
will theréfore be limited to a pore plugging deactivation mechanism
which progressively retards mass transfer of the sulfur-containing .
molecules to the interior portion of the catalyst.pellét. This me-
chanism has been recognised for some time 6-8) but little quanti-
tative information is available from journals or patent,literature.

uffectlveness factors for demetallation of vanadium compounds

(3)

afe significantly less than 1.0, Assumlng typical values ‘of 11qu1d
hourly space velocity (l.0) and desulfurisation conversion {75%),
corresponding demetallation conversion results (7 %).; Catalyst
particle size can now be plottied agawnst the effective diffusivity
for demetallation with effectlveness factor as a parameter, In
Figure 1, >for an effectiveness factor of 0.75, with a'catalyst par-~
tlcle size of 1/16 inch diameter, a mlnlmuﬂ dlffuslv1ty of 5-lo”

cm /se& is required. An effectiveness factor of 0.5 allows the mini-

-7

Eram dlffus1v1ty to be as low as 2°1c cm /scc. A first order reac-~
tion has been assumed together with a spherical particlc shape.
rlgurq 2 shows estimates for -valucs of the effective diffusivity
as a function of molecular weight. The Stokes-Einstein equation was
used to estimate liquid diffusivities .for large molecuies(9) to~
gether with a catalyst porosity of o0.5. The parameter in Figure 2
is the4tortuosity-factor with values of 2, 5, lo and 20. The initial
value is close to that'for loosely packed beds and probabiy repre-
sents a minimum for a formed catalyst particlé such’ as an extrudate.
The final value of 20 may refléct the accurilation of metal sulfides
and coke in pores éf the catalyst ﬁarticularly in an cuter anulus of
the pellet, From Figure 2, using a tortuosity factor of 5, an ecffec-
tive diffusivity of 3,5 - lo"7 cmz/sec. is estimated for a compound
.of molecular weight 4ooo, The latter value is towards the lower end
of the spectrum of asphaltene molecular weights for Arabiar IHeavy
atmospheric residuumsl'B) L preliminary conclusion from figurces 1
and 2 based on pore diffusion theory and aun oversimplified moleccular
plcture is that effectiveness factors of about 0.6 are probably
attalnable in demetallation of a feed such as Safanlyi to 1 weight

per cent product sulfur,
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It cén»be'sstimatcd hewever that the effective diffusivity.
Tor demetallation is »u‘3+ant1111v lowar than.3"10_7 Cﬁz/sec. for
st Safaniyd feod boinv r'E cod to 13 vreduct sulfurn This may he
the result of ao:c“p 10" nhenomenn -particilarly for vanadium com-
(Lo,ll)

)

pcundsg ) Othof Jota for the desulfurisation rcaction pro-
g X
vide upper bounds to thé'estiﬁates for offc ctive diffusiwity for

catslvet particlce.

ne,ul caontaining

Effective Diffusivity for Desuifurisation

Kinetic'aata for

able ot tvo

Kuwalt VGG is @vgll--
(12)

s ante alysts
effective di estimated, It is

limit for sub-

L]
[
(o]
132
Cl
0]
a.
‘0
]
+y
'-I-
5]
[+]
A
¢
wd

2t reaction

sequent estims
rates more *ynical ot In the st data, the
'uonver41on (7“%) 4 the liguid hourlr snace velocity (l,j) were

modest by VGO standalaf. means a tortuosity of 5.

Residuum desuifuricaticn’ with information
11‘ . . B
from the pqtont literatur ! allows én cztimate to be madc for the

effective diffusivity of a Safaniyn foedstock. A value of about
-7 2 § i . U
2+1lo" " em"/scc. was colzonlated for assumoed proce ss conditions of
o

one liquid’hourly spacc vol

Goj desulfurisation conversion,

This provides an uopaer - wo the rmluas of the effective diffu-
u

sivity for demeiailation when desulfurising a Safanivae feed to 1%
product sulfur. The procision cf +he ostimates is contingent upon

a number of: assumptionc S0 T

reor of magnitude values are
pos ible at this timeo.
The ef ectlvn difTus vity for demetallation will be less than

the corre spondlnn veians for dnsald rce much of the de-

sulfuri ation takes’ place’ from that ~acti " the feed boiling
between 550—1000 T, Demctallation trltes nloco from feed boiling

To
~abovae lcoo J°,

Effective Diffusivity Sor Demetallaticn
' ' o 1]

6)

Form of cencentrati

Scme dati for dcmctWLl“tioé i nro.-

8]

files in t22 pellot i3 tvni?ablu Tory oo topped residun, 2L

APY gravity. The vanadiam @orcnntrntion in *he regoemerated catalyst
3
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pelletrwas extremely stéep but the pellet diameter was 5 mm, An effec-
tive diffusivity faor- vonadiunm of 2;10-7‘dm2/scc. wns cstimated. This
value is also plotted on Figurc 1, : . .
More recent data is- available by means of clectron micro-probe
profiles in 2 spent catulyst pelle%B. An effective diffusivity of
110" =7 cn /sec. was costimated for vanadium during the desulfurisa-
tion of aﬁ Arabian Light feedstock,_17.50API. Correlating the‘above

estimates for effective diffusivity with feed gravity suggests an

-8 2 . - .
order of magnitude value of 3°lo cm /soc. for vanadium when desul-
furising Safaniya to 75% conversion at a space velocity of 1.0, o

-7

This value is indeed lower than the upper bound of 2+10 cmz/sec.
suggested'from desulfurisation data, .
Referring to the minimam diffusivity plot for demetallation,
Figure 1, an effectiveness factor of about 0.l is obtained for a
Safaniya feed. In the same way, an effectiveness factor of’o.3 is

obtained for an Arabian Light feed,

Catalyst Utilisation’

The only aspect of catalyst lifethat:is baing considered is the’
ability of the catalyst to accept metals within its pores yet main~
tain desulfurisation conversions of approximately 75p. This degree
of desulfurisation corresponds to approximately 75% donetﬂllutloé

The catalyst metals loading at end-of-run is determined by the
effectiveness factor for demetallation associated with a particular
feedstock, A pore pluggi.ig mechanism combined with effectiveness
factors less than 1.0 means that the catalyst pcore volume ‘available
for dep051t10n of metal sulfides is roduccd from the fresh catalyst
value. For example, an effectiveness factor for demetallation of
0.1 means that a catalyst whose pore volume is 0.5 cc/gram will only
provide o0.05 cc/gram of pore volume for deposition of metal sulfides
and coke in the part of the cﬁtalyst where' the pore—plugging'mechan
nism is critical., Coke is considerod to deposit uniformly throughout
the particle but will play a minor role 1n the porc plugging mecha- -
nism. . A value of lo weight per cent coke has becn agsumed.dep051tcd
on the spent catalyst together with a coke density of 1 grn/cc. This
is about one-half the ideal value since the coke formed on a,hétero-
. geneous catalyst surface is unlikely to occur in its ideal state;
Similar reasoning éllows the use of 3 gm/cc as the nickel and vana-

dium sulfides denéity.

PN
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“ith thesce consideraticns,' it becomes possible to estimate
the catalyst 1ife in - rosiduum desulfurisation as a.function'ofv
metalé removed from the feed, The effectiveness focter (q) for dmntalkmkﬁ
is the important parametor. Figure (3) shows estimatcs for catalyst
life as a function of feoecd metals depositod inside the catalyst
pellet, Thesc mctals may well be derived from the ﬁsphaltene_frac-
tion of the crude oil and reprosent about 7ob of tho tot_'al metals

(13) -

in tho residuum.

2csidun from Middle Zast crudes arce in genceral predicted to
have lenger cotaiyst lives than Venczuelon stocks, Differcnccs
within Middle East stocks nre alse considereble, An Ar-bian Light'
feed for example with ~n coffcctivencss factor of 0.3 is predicted
to have a catalyst 1ifce of about 7ooo hours. 4 Safaniyéyfeed wos
estimated to have on offcctivencss {actor of o.l so that the pre-
dicted catalyst life is about looce hours, This can bo iﬁproved to
3o00c nours by incrcasing the effcctive diffuéivity threcfold to
about 9-10_8 cmg/soc. The introduction cil maéroporcs could achieve
this but the original éctivity and stability of the cotalyst must
be roeteinced, )

A similar comparison beotween Xuwnit and Gach Saron residua
gives o predicted life of aboutvjooo hours for Xuwait ond looo
hours for Gach Saran, This is not quite the factor of (x2) based
on Gulf RDS life estimateég) but sikows the cerrocct troend.

The parameter that obviously must be chocked by experimental

observations with differcnt feeds and catnlyst the offectiveoncess
factor for deoemctallation at o given desulflurisation xenction ratc.
If product sulfurs less than 1 weipglt per cent are desipred wien

thon

processing Middle East residun such as Kuwait and Safaniy

a 1/16 inch catalyst particle size imposcs seovere limitaticns on

5

process conditions, Liquid hourly space vaeiccitios 21 about o,5

and catalyst lives of about 6 months cr less are envisaged.




Mecthods os iicreacing cobtelyst utilisation

Particle Shape

The effectiveness factor for domeicllotion ecssentially contrels

catalyst utilisation when the pore plupggile niodel applics, ¥With

“hen n. 5, the leagth

effectiveness factors Fox domet-Lllotio Ly

dimension in the Thicle modulus is apparcutly the most importont

of the catalyst prepertlies tras corncrituic ¢ modulus, The volume
to surface ratio of tho Farticlaos 95 Tuie o 78T gcncrnl definition of

¢ stoie nominal particle size c.g. 1/16

the length dimension. I
inch diamecter, the value ef thoe lorgth dimeasion is substantially
influenced by the shnope of thie catalyst marticle,

Figure (%) shows the influonce of particle shape on effective-~
ress factor in the strongly diffusion iufluenced regime., The sphere
vas taken as a standzrd,., Cylinders of Longth to diameter ratio cqua

to 3/1 znd 1¢/1 were comsidernd, Crushorl perivicles wore also inclug -

cres

- L
3

ed using volumc and surface shape ifactors from a micromeritics tex
It is interestirsg that cylinders are ~pparently the least dee
sirablce catalyst shape for 2 given nomiral diamecter. Particles *n
the form of "flakes' or "polor chiips® cre predicted to be the nost
effecetive. Ring--shaped cntalysts are anether alternative and have
provided benefits ir activitr and stability for methanol exidation
Decrecased reactor pressuroe drep wiLg an ndditional bonus.
A frequent counter-argument to the s of crushed catalyst par-

ticles is thot an incxrcascd renvie~ pirossere drop will result when

using the catalyst in its erasol tion erlindricel form.
(131
. - . i . .
Using the Ergun cquation 20 o Ui cask.d Lods, © 0 Q9w

crcasc in tho cquivnlent particle ci=acter o7 o Inetor of (x2) any
be componu.tod by ~ 3¢ rvoduction is gmas rato. This trade off moy bo

attractive with o fe suca o0 SaTanire whon catalyst costs duc to

ol

ad
low effecctiveness factors Tor cemetrllnbinn, “)pro ch 20 c/Bbln

Pore Structurc

The effective diffusivity -ind "ciice itlhwe offectivencss Tocior
. o)
ifor mctols ecan be incroasoed by ircrenciivr the pore dinmhtoff ™

simplest coxpression Joctive diffusiccity to entalyed

physical properties

portiecnal to pore diamoter. At “ow atPachvencss @acto

mrmcr criterion nt const ot chasarved reachion rate

u/ ) shows that the effectiivat ess Lfactor Tor metals .capaci*r is



-peilet density resulting freom a modest increcase in pore volume., When

‘directlé propcrtidral to porc.dianetor. . P

A pore plugging ncacl would prcolct ﬂ,grcatcr dcppndence of
of-cctlvennss factor on porc diarieter, The essentisl difference
betwecen the conventicnal pore moutl poisoning phehbmcna and pore-
Plugging-is that the access of sulfur-bcaring'molecules to the in-
terior of the catalyst particle is provented when the diameter off
the partiallf blocked pg%c anproaches the tize of the aSphaIteno

and motal-contzining ‘moloceylies., This simple picture suggest that

tiie effoctiveness foctor for demetallation is proportionql_to_the

square- pcwer on pore diametor basod on o timates for the sizc of
aspﬁultenv mcleculo (“7) ) .

Data is ava 11«01\ -\ to'test.this relationship but the methqd-t
of prepuraflon of tnu’catnlyst suggosts that an increase in the

nacroporc voluro was probably. the wuy the diffusiviiy was increased,

Thls suggest1qn is consigtent with the relatively large decreasc 'in

macropares (greater than 6ooi dlanetor) rec present in the pore

struéture, the concept of volume-average pore diameter is a better

: : i [~0) :
L ;
\

corrclaving parameter thon surface average porce dicmetor™ 7 A re--

s}

lationship can be suggested between vclume aversge pore diameter

s
. C . . - L. . 1o
‘and fraction macroporc volume. Desulfurisation oxfectlvenGS'chtoré !

now correlate well with velume average pore- diameter raised o the
.

square pcwer. This ralationship would also hold approXimatoly for -
A AT B

demetallation and is clese to the vilue reguired by o simple pere-

Plugging model, Obvicusl ly, more dquu nceds ts be considoered for
better cvaluation of .the effec t of pore structure on the offccrive~

ness factors for desulfurlsutlon and QOﬁot a2tisn,

" Catalyst preparqtlon tochnlquos can be modified to signi
1y ibprove t e Plcrrpovo veclune and por- dfnméter. Réducticn of

surface tension during dryln& is shown to increasc the micrepore

{(19)

volume of £n extruded ¢ 1un1n“. Ca10131t10n in wet air bas a

similar offect. For a given bochmite crystalliite sime, a compromise
is necessary between pore volume and pore diameter of the extruded

alumina,.
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BED-PLUGGING Ti¥ RESIDUUM DESULFURISATION

In addltlon to catalyst deactlvation by the metals a second
major problem in residuum processing is bed-plugglngSA 3) Desalting
alone is not enough to prevent the build-up of interstitial materlal-
This material reduces bed voidage,_especially at the'top 6f a'triddeF
bed reactor, and causes a sigﬂificént increase iﬁ overall reactor
pressurce drop. The interstitial deposits are composed malnly of. the

(3)

sulfides of iron, nickel and vanadium, They are contained in re~ .
siduum stocks in orgqﬂo-metallic compounds and in the case of iron3’
‘its feed concentration may obvibusly be supplemented by corrosion
processes in lines anead of the reactor, Nickel and vanadium
sulfides depositing on the external surface of the cafalyst pellet . .
are probably held only weakly és nickel and vanadium in micelle—
tfpe structure%. Their rate of reaction is probably greater than

the nickel and vanadium deposited within the catalyst bellet. Coke

deposits will alsb occur both inside the particle and interstitially..

Prediction of Bed-plugélng

Estimation of plugging lives in tric&le—bed-r actors cén be
rnade as a function of feed metals concentration reacting'éxternélly,
with rate constant as a parameter. A firsi order reaction has been
assumed, Interstitial deposits are- considered to‘océur in *he,top
ZOp of the trlckle-bed—reactor(B) Using the Ergun equatlon( 5)
pressure drop 1ncreaoe aﬁalnst dec"ea51ng bed v01dage can be plotted
in a dlmenslonless form Plgure (5) Taklnggxfac&m of 5-~lo 1ncrea59
in overall pressure drop as a criterion for the plugglng life { PLUG)
the corresponding volume of interstitiel cupos;ts~can then be cal-
culated. This is translated to grams of interstitial mefal splfides;
pe* cc of reactor if a metal sulfldn den51ty of 3 gm/cc is assumed.
This value is abouth one-half . the 1deal crystalline sulfide densities
-but in a trickle bed reactor metal sulfides formed are'unlikely tb:
Qccur'in their well-ordered, ideal states. Assuming for ekamplé,
first order rate constants from l-lc, plugging lives may be
.estimated; Figuré 6. ‘

Once again, the problemns of processing Mid-East residua are




Aignifiqantiy less than Venesuelan residua due to the .higher mqtal
content of ‘the lattexr, Yithin the crudes of the'Mid—East, SOni0

Cistinctions may be drawn csince demetallation rates decrease as

molecular weight iner sesglj) This ‘implies that interstitial rates

ol reaction for Arabian Heavy feeds arc less than for Arabian Light

“oed tocks. If it ia ,onsidered.that'intefstitially deposited metals .

ave uerlwed mainly from the maitenc fraction of crude oils then
aboat 3o % of the total ni ickel plus vanadium metals will be avail-
2bLe for inte

,(p)

he rresence of 5«16 ppm of iro . in the

ot

surlface, in addition,
:csiduuﬁ-wiil also-be available for ¢1.¢15ti ial reuctlon and
subceqguent dopesitien as ivcon SuT;ldGS. For an Arnblan nght feed,
qulng a racemconstant between 5 and 1o nr -1 and an .entering feecd

netals corncentration of 2¢ p?m,'a plugging-life of about- 7ooo hours

-rstitiai reaction rpqu1rir essentially 1ittlé_cata1yst

¢

is predicted from Figure (6), With a-Sajeniya feéd, a rate consiant

- e -1 , . . : )
ol about’ 2-5 hr T, an snsering feed w;t.-p ounrentvcﬁion(fho Ty
o plugging Life of about 6000 hours is predicted from Pigure (8).

 Venezue1an residuan would bhave very sho:t-pl;gglng lives of about’
in06 houvre. In,the'comnarisoh between Arabian Light and_Safani&a
fééds, the decressed rate of reaction has eased th ¢’ plugging problem
Toxr the S5afa 11y1 feod. _

The-assumed valuc of #he metal sulfidés deﬁsity would strongly

affect thie predictions in Figure 6‘and_tho siope of the.curves.‘The'
N

~ I
g . ‘ . Lei;
prescucs of gait and rporticulate iron has been found ™ !'77 . to sub-
avoantialliy & crease piugging lives. For accurate prcd*ctlons tbo
interstitial rate constants and neta_ culfides density should

obvious lj be determired experlmentnlly.

".?’l‘- 1 lV\ ..;

Hetheds of imcreasing niung
' The methods availabie’ depend on: whether the flxed bed concept

~f overation is Tetainad or the flex1bility-of an gbullatlng bed

0

vstem is considered. The lotier system will Lo considered first
.gincéo one of the primery advaniages of the ebullated bed is the

{5)
lank of pressure drop buildup with time on-strecam.”’’

Moving Beds:»Thé adventases oi thc H~o0d) zwocess have frequently

————

beaen desaribed ard owe generally assscieied witk uniform distribu-
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tion of renctants, isothermal operaticn, lack of bed plugging and
continuous catalyst withdrawal and replacement. The formabticn of

coke-catalyst agglomerates in tice
of a gas-o0il fraction is practiscd Howover, there arc disad-
vantages asseciated witili the nse of this zenctor design il
doéulfuriéatioh is of primary importance, Stoging oi tho roea
becomes necessary to aciiieve fhw desired convoersion levels :
This means tant the fléw througsk the reoctor does not appr ach the
plug flow of thc tricikle~bed operation, & completely mixoed. sysicem

probably defines the chullat ing bod better and is conslstcnu with

the strong claims made for isothermol operntion, This conclusion'ds
also consistent withr valucs for the height of a mixing unit (H L.L)

. ..o (21) N .
.o studics, These studiszs

obtained in threc phase {luidisa
showed thzat the E.l.U, for on anir-wator-ballotind system with 6 m.m,
sphexres was of the order of L-i~ em i.c. approaches piug—flow. T
colurm diaméter was 9 inches, the bed hoight 1L feeot, I the par-
ticle size wns deereased to 1 m.m,{~ 1/232 inch) the value of the
H4,. U, dncreased signigicantly to 'to-loo ¢ém,., The changs was attri-
buted to bubble disinteg ration with thn}lérgcr particles aand bubble
oalesconce with the smaller particles, Using -o.1 m.m, poicticloes
(~ 200 mosh) it is thought that the velue of the MU mny increase
by another order of magnitudc to 10; cni, The deviation from plug

filow is comsiderabdlc.

in summary, pore diffusion arguments Jictate o smnll catulysts

particle size of about 200 mesh, but mixing problems recuire o

particle size, about & ronen nlug flew, A

¢
o
&
=]

1/32 inch catalyst size scems to be suggesied particuloriyv.if the

problem cf separating the fine catalyst frowiz the oil is important,

A completely mixed-system would also resulit in highor bydroser

consumptions due to increascd hydrcceracliiys, Thd ebullatad bhod ro-

actor volume must also be significantliyv greator thon plug-ITlow
) !~ -\

- . o - ~ LR, 2 \ L,

casc. Bed expan51ons ol the order of 50 BT 77 / arc uscd ound watlh

a 75 % ccnve rs1on, the volume of « conplotely wixed renctor syster
would be at least twice the velwme of o pluy flow reactor, indoed,

the boed-plugging problom ir climin~ted uh

from plus flow

ard its associated disndvantares o c“ﬁovtod.
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?ixéd Beds: If theo fixed bed conccpt of operation is- rcthlncd
then graded catalyst bods can be used to relieve the interstitial
bed-piugging'broblem. Graded cat alyst beds arc alrcaay being useéBl‘
in deasphalted oil Isomok,

_Giaded catalyst beds incorporatc the principleS'associdted
with +hespcc*‘fic surface of variously sized particles and particle

shiopes with low pressurc drop chaructorlstlco. Rlngu* aped. cqtulysts'

1. ~ 2
have Docn used in methanol ox1dat10£ ’ to decrcase the pressure

drop across the reactor. The presence of interstitial deposits re-

acting from the fecd mokes this spproach particularly useful.since

thc void volume per unit volume of rcactor has been increased in

-comparison to cylindrical particles, The surface arca of a catalyst

particle per unit volume of reactor is_invqrsoly proportional to
the diameter so that large pavrticles at the top of .a trickle~bed
reactor will. réducc. thiec avnilable surface for the interstitial

reactioh and spread the metals further down the bed.

CONCLUSIONS

AApproximaté methods have been outlined for the prediction of

catalyst lives in fixed bed residuun desulfurisation, Predicted

"~ catalyst lives were consistent with trends in current RDS litera-

'ture. A Oore-plugglng mechanism due to metals dbp051t10n wa

assumed to be the cause of catalyst deactivation fer desulfurisa-
tion, Dometallatibn cffectiveness factors less than o,5 are .con-
siaered typical for Middle East-fesidua. Hethods of decrcasing

the pore diffusion problem are related to spe01u1 Catulyut pPre-

© parations and the use of unusual catalyst shqpes.

ApproxlmateAmetnods have alsc bgen wutlined for the predic-
tion of fixed bed plugging in RDS;.Plggging'lives less than 8000:
hours are considcred-likely for Middle East residua, For Véﬁczue1
lan stocks looo hours may be typical, Movel cataiyst shapes could
again be useful, Deviation from plug~flow is expected with ebulla-
ting catalyst beds particularly with 200 mesh size particles,

More experlnentwl data and more rigorous theorctical treat-

rnents arelrequlrcd to improve predictions,
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FIGURE 2 : EFFECTIVE DIFFUSIVITY vs.
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: CATALYST LIFZ vs. METALS DEPOSITION IN RESIDUUM DESULFURISATION,
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-FIGURE 4 : -EFFECT OF PARTICLE- SHAPZ -ON - EFFECTIVENESS FACTCR
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FIGURE 6 : BED-PLUGGING LIVES vs. INTERSTITIAL METALS DIZPOSITION
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HYDROGEN PROCESSING OF COAL AND THE KINETICS OF DESULFURIZATION
Marvin L., Vestal, Robert H, Essenhigh and Wm. H. Johnston

Scientific Research Instruments Corporation ' ,
6707 Whitestone Road, Baltimore, Maryland

INTRODUCTION

The desulfurization of coal by hydrogen in the interests of abatement of air
pollution, is a process with a potential for 90% sulfur removal or better, depend- .
ing on the details of reactor design to cut down resorption back-reactions, and on )
other factors suchas hydrogen concentration and reactor residence or contact
time. The pollutant problem of course, is that of SO, and SO; formation during
combustion of the coal - which is the dominant current use of coal - and there -
are in general two approaches to abaterhent. First, removal of the sulfur ox-

ides from the combustion gases after formation., Second, the prevention of !
their formation by prior desulfurization of the coal. The first approach has the
general drawback that even high S percentages in coal become very small per- . v,

centages after dilution in air converted to combustion products. -‘This means
handling large volumes of gas containing small quantities of pollutant, Even on
a weight basis the dilution is substantial: a given weight of S (say 0.05 1lb} in one
'1b. of coal becomes about the same weight in about 12 lbs, of combustion pro-
ducts. Direct removal of the S from the coal by hydrogenation to form H,S,
therefore, has the appeal of handling substantially smaller quantities of material,
either by weight or volume, together with the advantage that the component con-
centrations are also proportionately higher, thus improving chances of achieving
a given target for efficiency of removal,

Desulfurization by hydrogen, however, is not a straightforward process
since the H,S formed in the first instance is very rapidly resorbed on carbon.
Since the resorption is accentuated by higher temperatures and longer residence
times, this generally means that net efficiencies of removal fall with increasing
temperature and larger quantities of coal being processed. In considering re-
actor designs, which is the practical target of these desulfurization investiga-
tions, this chemical behavior means that an efficient reactor should operate at
not too high a temperature, and that either the sweep gas should be at a very
high velocity or else that a preferential absorber should be available in close
proximity to the coal during hydrogenation, As a further consideration it is n
also evident that a suitable reactor design would either be a batch unit (such as
a fluid bed) , or a continuous counterflow, so that the terminal discharge of the
almost cleaned coal should be in contact with a high hydrogen and low H,S con-
centration, r

The physicé.l size of and retention time in any reactor are then determined
by the desulfurization kinetics both in the presence and the absence of any prefer-
ential absorber. In a previous paper (1) we have already described most of

* Professor Robert H Essenhigh is Director of .the Combustion Laboratory at
Pennsylvania State Un1vers1ty, Umver51ty Park, Pennsylvama.
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what we now know of the chemistry and kinetics of the hydrodesulfurization of
coal, obtained by adaptation of the Juntgen (2) '"non-isothermal' method of
experiment and analysis. This paper is concerned with discussing these and
additional results of such experiments on S removal from coal, and H,S cap-
ture by coal char, carbon, and CaO (as a possible preferential absorber)
particularly as these relate to reactor design. This includes a brief outline
of a possible reactor complex and a Sankey (Energy Flow) Diagram for such
a system.

NON-ISOTHERMAL KINETICS

The non-isothermal method of Juntgen was extended theoretically and
applied experimentally to the hydrodesulfurization of ten bituminous coals
ranging from 1 to 5% (3). This powerful method overcomes the difficulties
of partial achievement of equilibrium conditions of temperature, by treating
temperature as a controlled variable, Essentially continuous measurements of

‘reaction products in a flow system provide experimental functions whose theoret-
ical interpretation identify sets of chemical reactions which are responsible for
desulfurization. The kinetics of desulfurization of all ten coals are accounted
for satisfactorily by five chemical reaction systems. This method gives activa-
tion energies and frequency factors for each chemical reaction.

We may summarize these chemical reactions and the rate data of coal de-
sulfurization in hydrogen atmospheres by listing the measured kinetic parameters
for the five major reactions and the two back reactions, as shown in Table I.
Non-isothermal studies were also made of the removal of all H,S by calcined
dolomites and limestones and some regeneration kinetics of the resulting calcium

.sulfide as shown in Table II.

TABLE L

CHEMICAL REACTIONS AND RATE DATA OF COAL DESULFURIZATION IN
HYDROGEN ATMOSPHERES

No, Reaction Ekcal/mole _ EQ

1 (Org-S); +H, — H,S 34.5 3.1x 10 (atm H,) "! min™!
2 (Org-S)py + H,— H,S 41.5 2.8 x lot! " "

3. FeS, + H,—> H,S + Fe$S 47 - 2.8x 102 " A "

4 FeS + H,—> Fe +H,S 55 2.1x 10% n "

5 (C-S) + H, ~—> H,S 52 ~2x 10" " "

6 Fe +H,S —> H, +FeS 18 6.5 x 10°% (atm H,S) "! min}
7 Coke + H;S —> (C-S) + H, 32 : 2.3 x 108 " on

TABLE II

8 CaO + H;S —> CaS + H,0 38 4.7 x 10" (atm H,S) "! min™!
9 CaS + H,0 —> CaO + H,S 55 1.0 x 10 (atm H,0) ! min !
10 CaCO; —> CaO + CO, 58 3.0 x 102 min"!

11 CaO + CO, —» CaCO, 17 5.0 x 10* (atm CO,) ! min"!

1
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The significance of these results to conditions of sulfur control can be seen
by expressing them as rate constants versus temperature over the range of en-
gineering interest, The rate constants for these reactions are shown from
400°C to 1000°C in Figure 1, There emerges a desulfurization band which
encompasses the desulfurization reactions which account for the hydrodesulfur-.
ization of the ten bituminous coals studied. '

REACTOR SELECTION FOR HYDRODESULFURIZATION

The requirement that back reaction of H,S with carbon is to be suppressed
by a combination of fast removal of product (H,S), preferential absorber, ‘and/
or maintenance of high H, and low H,S concentrations at termination of the re-
action means that suitable reactors seem to be restricted to the fluid bed or .
some counterflow unit. In this paper we suggest that a continuous counterflow
reactor is a better choice. There are, however, some simple general con-
siderations on relative sizing that are pertinent and will be discussed first.

Relative Sizing of Reactors’

Suppose any reactor has a true or effective capacity of C 1b/hr, of mat-
erial being treated. If the reactor volume is V cu. ft, the reaction time re-
quired is t (hours), and the average materials density 15/_ (1b/cu. ft.) then
these factors are related by

: C=pV/t ~ (1)

The specific capacity can then be defined as

Cv=(CIV)=p/t (2) -

These two simple equations can now be used to provide estimates of the relative
size of any pretreatment reactor for coal subsequently being burned in a boiler.
If subscripts zero refer to the boiler, we first have the condition that the pre-
treatment and boiler capacities must be equal: so

_ C=pV/t=,5_V,/t, (3)
or 4 L VIV =(poltd I(A/t) = Ce/Cy (4)

Consequently, if we want a pretreatment reactor.say 10% of the boiler vol-
ume, the corresponding specific capacity must be ten times greater. Consider-
ing next that '

Cu/Cq = (plpo ) (telt) . (5)

then, for the same reaction times, the materials density must be ten times
greater in the pretreatment reactor. In a boiler, Cs averages 2 lb/hr. cu. ft.,
to is about 2 sec., and/z_:o is, therefore, about 0.02 oz/cu. ft. The pretreat-
ment reactor density would then be about 0.2 0z/cu. ft. which corresponds to

a fairly dense cloud. From our non-isothermal experiments (1, 3), itis
clear that the reaction times are more likely to lie in the range from 20 to 200
sec., so that the pretreatment reactor densities must lie between 2 and 20 oz/

cu. f.t. {or g/litre). - Since this latter figure is still below what is found in
fluidized beds, such density loadings are possible, but these estimates also

i

N —

~—
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illustrate the magnitude of the problem in terms of the solid loadings required.
The fluid bed, however, has the disadvantage that it is a batch, not a continuous,
process., On the other hand a continuous process that will provide the neces-
sary particle loadings and still allow the potential for rapid exchange of gases
with a preferential absorber would only seem to be provided by the cascade re-
actor (described below) , unless the preferential absorber is mixed with coal
which then creates problems of separation.

The Cascade Reactor

The cascade reactor is a vertical tube containing inclined shelves or plates .
to break the fall of particles cascading down from the top of the tube, againsta
rising current of reactive gas., It is based on the Cascade Heat Exchanger (4),
which is a device intended to promote efficient heating of a gas by a solid (or '
vice versa) by counterflow, with advantage being taken of the relatively high

"heat exchange coefficient and large surface area of fine particles. One could,
in principle, also obtain such exchange simply by pouring the particles into the -
top of a tube, but the nominal effectiveness of such a system is almost com-
pletely nullified by two factors.. If the upward gas flow is slow, the particle
shower can quite well create its own path by what is known as a '"Chute-en-
Masse' effect whereby the particles descend at very much higher velocities
than in free fall of a single particle through a viscous fluid. Gas "contained"
in the cloud is dragged with it, and incoming gas is likely to be short circuited
through a more or less particle free region. Alternatively, if the gas velocity
is quite high, the fastest velocities are at the center of the channel, which can
pick up fines and carry them out of the system, while the velocity gradients throw
the larger particles to the walls where they will fall at their greatest speed. If
the particle concentration is also high at the walls the Chute-en-Masse effect may
accelerate the rate of fall still further.

The purpose of the cascade plates can be described as a device for breaking
the fall of the dust so that the retention time, and,.theérefore, the time available
for heat exchange, is increased. The plates, therefore, prevent the dust plum-
meting down the center of the tube or the wall region.

The use of the cascade heat exchanger as a reactor is not known to have
been proposed before, As a reactor it utilizes the counterflow operation of
the cascade heat exchanger, with the possible gains to be achieved from break-
ing the fall of the dust to increase the retention time, but using the device for
promoting reaction between a gas and a finely divided solid. The proposed re-
actor is intended to treat raw coal of appropriate fineness, with the objective of
removing sulfur, delivering sulfur-free char and pyrolysis gas as primary out-
put products, with H,S as a potential source of sulfur as a by product (or co-
product) .

The basis of the method is low-temperature (700°C) hydrogenation, using
a recycled fraction of the pyrolysis gas, during which: (1) a sulfur-containing
pyrolysis gas is evolved for cleaning in a later or parallel stage; and (2) the
coke formed is also rendered sulfur-free by direct heterogenous reaction bet-
ween hydrogen and the sulfur in the coke, generating H,S.
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To estimate the mean velocity of the particle stream through the reactor
designated as v, Will be crucial in all subsequent analyses of all purposes the
reactor may be used for,

In such a system ‘the chute-en-masse effect is likely to override all other
factors, such as viscous drag through the gas. In fact, the viscous drag can
be responsible for entrainment of gas in the same direction as the dust flow,
This can be thought of as an ejector action helping to stimulate a cyclic flow.

In the limit, therefore, the particles are most probably close to free fall under
gravity without significant retarding forces.

The simplest condition, therefore, is for the particle stream to fall ver-
tically from the tip of one plate to the tip of the next., It is assumed to acceler-
ate at g from zero velocity to a maximum which is again reduced to zero-on im-
pact. In fact, of course, there will be a horizontal component after impact,
but this will be considered later. Suppose, therefore, a cascade element has a
depth d, so the free-fall-distance apart of the plate tips is (d/2): then

(d/2) = (1/2) g t* imp : (6)
where tjmp is the time to impact; or
timp = d/g » (7
The mean velocity vin is, therefore
Ym ~ (d/z)/timp : (8)
=(1/2) gd : - (9)
The Qelocity varies only slowly with the cascade depth(d), If d=1ft,.
( plate spacing 6 in.)vm = 2.8 ft/sec. If d=6 in, vpy,=2 ft./sec, If d=1,5in,,
vm-= 1 ft/sec. This last is very narrow; the plate spacing is only 0.75 in,

This would be adequate for many laboratory scale studies but handlmg 100
tons/hr would be difficult.

It should, however, be emphasized that the calculations given above
assume close.to the worst conditions, and are, therefore, rather pessimistic.
Average velocities of 1/2 to 1 ft/sec for plate spacings of 4 to 6 in, may be
realistic with proper désign. A 30 to 60 sec. retention time should, there-
fore, be possible with a unit 30 ft, high, '

Cascade Reactor: Simple Analysis

The reactions involved in the cascade desulfurizer include the coal PYy-
rolysis ( initially assumed to be independent of the hydrogenation reactions) .

For m1.t1al analysis purposes this can be treated as first order reaction
usmg operational velocity constants. The rate of reaction can, therefore, be
obtained directly as a-function of time independent of the material location in
the reactor., The location of the material in the reactor is then obtainable -
from the throughput velocity. This is valid for a plug flow system.

i
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. Assume that the rate of loss of pyrolysable material is proportional to
the pyrolysable fraction., Let the pyrolysable fraction at any time t be V1b/1b
of solid,then : .

av/dt = _kV ' (10)

where k, the velocity constant, may be the real velocity constant at a specified
temperature, particle size, etc.; or it may be an "operational' velocity con-
stant representing an effective or average constant that is valid to a specified
margin of accuracy for a number of competing or consecutive reactions, pos-
sibly including changes in particle size and temperature. The variation of V
with time (at constant temperature) is :

V =V, exp( -kt) _ : (11)

where V, is the maximum pyrolysable fraction. The relation to distance is
then given by '

zZ = vt . (12)

where z is the distance travelled through the reactor in a given time t, if vy is’
constant, where v, is the mean velocity. Egquation (11 ) becomes

V=V, exp| - (kfvp)z] =V ékz (13)

Vshowing that the slower the material travels through ( small v,,), the larger the

"distance constant, (k/.)" and the more complete the reaction. This is quite
obvious but equation (13) makes the point explicitly. This re-emphasises that
anything that can be done by way of reactor design to reduce vy, can provxde
more effectwe control of the completeness of reaction.

Cons ider now the throughput at two different planes., Take z=0 and z=z.
At z=0, if the specific mass rate of input, lb. per hour per sq. ft. of reactor
cross-section is M, then the rate of input of pyrolysable solids is (VM) ;
and the rate of input of non pyrolysable solids is (l_Vo)M. Similarly, at
z = z, the mass rate of flow of non pyrolysable solids is (1-V}M. At steady
state this quantity must be constant right through the reactor so

(1-Vg) Mg=(1-V)M (14)

or (M/Mg) = (1-V) /(1-V) = (1-V) / (1-v &

) o (19)

These equations can be rearranged in the form of a reactor efficiency.

Suppose M. is the mass flow rate in an infinitely long reactor when
pyrolysis is complete (i.e. the mass flow rate at any point of non-pyrolysable
solids) then ’

M, =M, (1-Vy) - | (16)

Now suppose that for a finite length reactor the reaction is not complete, but
the mass flow rate is Megxit. So
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Mexit = Mo( 1-V,) /( l-V@xit) = Mc/( lTve'xit) ' (17)

Now defining reactor efficiency, n, as

n=—o— = l-V/Vo = II_e . (18) . //

In terms of the mass flow rates this can be written
n = (1-M./Mg)/ (1-Mg4it/Mg) : : (19)
Since only mass flow ratios are involved the efficiency is independent of mass

flow except to the extent that this might possibly affect the mean velocity through
the reactor. : .

Reactor Eﬁi'ciency Compatabilities . B y

The information developed by the above analysis can now be combined with
the kinetic data set out in Tables I and II and Figure 1 to estimate possible re- /)
actor efficiencies. The values obtained are essentially order of magnitude
estimates but this is sufficient for our immediate purpose in demonstrating the
reasonableness, or otherwise, of using the Cascade Reactor for at least some of
" the reactions involved in the desulfurization process. Primarily we are inter- ,
ested in estimating reactor temperatures at which reasonable reactor efficiency
can be achieved; and to establish these (as estimates) let us assume 99% effic-
iency in each reaction. In Equation (18) we, therefore, have

exp(-kt) ~ 1072 ' : (20)
. .. ‘i _— -kt/2.3
as the criterion for such efficiency. Since exp(-kt) can be written as 10 ,
and since the reactor retention time is estimated (above) to be 1/2 to 1 min.,
the values of the velocity constant, k, to meet the criterionof Equation (20) is
. that: .

k~ 5 to 10 or greéter (min) 7! > (21)

Referring now to Figure 1 we find listed values of rate constants with di- -
mensions (atm. min) “! since all the reactions are all first order with respect
to a reactive gas (H,, H,S etc.). If the reactive gas concentrations are in - ,)
large excess and in the region of 0.1 atm. then multiplying all the values of
the rate constants given by 10" ! changes them in effect to pseudo first order
constants for comparison with the criteria of Equations {( 20). and (21). For
the values of k to lie between 5 and 10 the true rate constants must lie between )
50 and 100. From Figure 1, this corresponds to temperatures in the de-
sulfurization band of roughly 600 to 700°C. I the reactive gas concentrations
are 0.0l atm., the rate constants then required (for 99% reaction efficiency)
are raised to the range ( roughly) of 700 to 900°C.  With reactive gas concen-
trations of 0.001 atm. the required temperatures would be in the range 900 to
1200°C.

Summarizing, therefore, what we have estimated here: we have used the
. .
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cascade reactor retention times ( estimated by the free fall assumptions) in
«combination with the reactor analysis for a first order reaction, to estimate
the temperature ranges required for 'the reactor to be operated at, if reaction
efficiency is to be 99%. To do this, the second order rate constants given in
Figure 1 have been treated as pseudo first order constants by multiplying by
0.1, 0.01, and 0.001 atm. to represent average concentrations of the reactive
gas involved; and for the desulfurization reactions the temperature range is
found to be 700 to 800°C for an average reactive gas concentration of 0.01 atm.

This, it must be emphasized, is no more than a rough estimate to deter-
mine whther the cascade reactor may be a possible rational choice in any com-
plete desulfurization scheme; and from the estimates obtained here it would
seem that it probably is.

A REACTOR COMPLEX FOR HYDROGEN PROCESSING OF COAL

Although the prime purpose of this paper is to initiate analysis of suitable
generalized reactors for desulfurization, by hydrogenation, of coal in terms of
the kinetic behavior of known mechanisms ( with particul ar attention, of course,
to the cascade reactor), a brief look at a possible complete scheme for con-
tinuous hydrogen processing is not out of place. This brings into focus the
inter-relationships that have to be developed quantitatively between component
parts of any such scheme, particularly as this influences choice of any given
type of reactor.

Schematic for Continuous Processing

As already mentioned above, one of the principal problems in desulfuriza-
tion by hydrogenation is the speed of the back reaction as H,S is resorbed on
carbon (reaction 7 in Table I) as this. then necessitates either the rapid physical
removal of the H,S (high throughput velocities} or the presence of a preferential
absorber such as CaO (reaction 8 in Table II) for chemical removal. Unfort-
unately, mixing the absorber with the coal introduces subsequent problems of
separation. The Cascade Reactor, however, would seem to permit an addition-
al possibility that is something of a compromise between both alternatives:
that the coal and absorbent streams can be kept separate while the gas streams
are common. The method would be to operate two cascade reactors side by side
with two sets of plates to separate the solid streams, but with arrangements to
cross-mix the rising gas streams by suitable baffles,

The workability of such a proposal has yet to be'demonstrated physically,
but the advantages accruing from it, should it prove workable, are so substan-
tial that it encouraged analysis to establish the energy requirements for a com-
plete scheme based on this cross-mix reactor. The gross energy require-
ments have been examined by constructing a Sankey (Energy Flow) Diagram
for the system (see below). The complete scheme is based, as explained, on
the cross-mix reactor, but regeneration of the CaO with sulfur recovery is
also included by incorporating two additional reactors: (1) for conversion of
Ca$S to CaCOj; and (2) for calcination to reform CaO.

The c‘ompleté scheme is illustrated in the block diagram of Figure 2.
This diagram shows a total of six chambers comprising one preparation unit
1
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for drying and preoxidation, and four reactors. Their functions are as follows:

RO: Drying and Preoxidation (Preparation unit) .

R1: Pyrolysis and Hydrogenation of sulfur-containing-coal, and including gas

~ preheat of recycled fuel-gas by cooling char. '

R2: Calcination of CaCOj to form CaO for H,S absorption.

R3: Absorption of H,S carried across from R1, by CaO. The concept requires

— a design such that the gases in R1 and R3 have equal access to both reactors
while the coal and absorbent streams remain separate, CaS is formed by
absorption . :

R4: Regeneration of CaS formed by H,S absorption in R3, utilizing reaction of

steam and CO; to reform CaCOj; which is then cycled back to R2 after sep-

aration from reformed H,S.

In selecting reactor types for all these operations, Reactors R1 and R3
are assumed to be Cascades. For the rest, however, the analysis leading to
the Sankey Diagram is valid when any continuous counterflow reactor is used.

SANKEY DIAGRAM ASSUMPTIONS

In performing the Sankey Analysis a number of assurnptlons about the
system and materials were made, as follows:

Sulfur Content and Removal

The coal to be treated is assumed to contain 5% sulfur by weight. This is
assumed to be totally removed in Reactor R1 as H,S by hydrogenation; absorbed
in R3 as CaS, regenerated in R4 as H,S, followed by recovery by the Claus
Process., ’

Coal Pyrolysis

The maximum temperature of the coal is assumed to reach 700°C so py-
rolysis corresponds to low temperature carbonization. For a 40% V.M. coal
a 30% pyrolysis/hydrogenation, loss is assumed of which 5% is sulfur as H,S.
If the coal is such that the pyrolysis/hydrogenation loss is less than this the
majority of the calculated energy flows in reactors R2, R3, and R4 are reduced
approximately prorata. The balance of material (not pyrolyzed) is a semi-
coke that can be assumed to be of higher reactivity than a full coke,

Temperature Profiles -

In reactors R2, R3, and R4 the temperature profiles are simple, either
rising or falling monotonically from one end to the other, with the counterflow
material temperature falling or rising correspondingly, The reactor Rl pre-
sents a different problem. Its temperature is highest at the center, for both
counterflowing materials, so an overall heat balance shows a relatively small
net supply of heat, Q3 sufficient for the sensible heats of coal char and pyroly-
sis products and the heat of pyrolysis. This is the heat supply that has been
calculated., It is assumed to be carried across from reactor R3 to R1 partly
by hot gas transfer, and partly by conduction where the temperature differen-
tials will allow this. In addition, there is a slzable quantity of heat, not in-
cluded in the diagram, required for the initial sensible heat of the coal to heat
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it from input temperature to reactor temperature (700°C). This is recovered
in the hot-gas/pyrolysis-products transfer from Rl to R3, so it recycles con-
tinuously. It has to be assumed, however, that the appropriate heat transfer
mechanisms will so operate that this necessary heat flow cycles properly. This
is a substantial assumption.

REACTOR CONSIDERATIONS

Reactor Capacities and Reaction Times

These, of course, are not yet determined. The calculations are based on a
coal supply of 100 1b. If the process capacity is to be 100 lb/hr. then the mat-
erial and energy flows shown in the diagram become flow rates (lb/hr. of mat-
erial CHU/hr, energy). The reactor duty is then specified, and the reactor
capacity can be calculated from the reaction time so that the appropriate duty
is attained, On the other hand, this may well affect the final choice of reactor.
It seems probable that the reaction time for absorber regeneration in R4 at the
temperature specified is too long for a cascade reactor to be feasible. However,
the temperatures are such that a tunnel reactor, with a belt conveyor in counter-
flow to the reactant gases, may be possible, or even an array of fluidized beds.

Losses and Source of Energy

‘Losses are initially neglected, The prime source of energy into the re-
actor set is by combustion of part of the cleaned pyrolysis products leaving re--
actor R3. This supplies some sensible and mainly potential heat to the reactor
R2. On combustion most of this heat enters the CaO which carries it into R3,
Some of this heat then exchanges with the cooler recycle gas and pyrolysis pro-
ducts.” The balance (the majority) is assumed to be carried into reactor R1
as sensible heat where it is used for pyrolysis. Some of the heat of combustion
in R2 leaves in the product gases which are cycled to R4, to provide the CO, and
part of the H,O required for reaction there., The rest is absorbed in the endo-
thermic calcination in R2, but this is recovered again as heat of reaction, a
little in R3 but most in R4, In addition, there is the internal cycling of sen-
sible heat referred to in Temperature Profiles above., At present it seems
necessary to assume that much of this is supplied by conduction through the con- -
struction materials of the dual R1 and R3 reactors, and is returned again to R3
by the pyrolysis products exchange, :

Losses (wall; reactor exchange etc.) .can then be included at any time by
requiring an appropriate increase in the fraction of pyrolysis products burned
in R2, with the heat thus generated assigned to losses.

Sankey Diagram Analysis

" The Sankey Analysis is a heat and mass balance on each individual reactor.
Based on the assumptions listed above, some of the inlet and exit temperatures
could be preselected, as follows:
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Rl: T,,ax' (near center) not to exceed 700°C.
Tinlet: assumed to be 50°C (following drying and hght preox1datxon)

Toutlet: Unspecified - to be determined (T¢) .

R2: Tinlet selected as 500°C to match outlet temperature of R4 (see R4) .
Toutlet: specified as 1000°C to assure adequate calcination rate of CaCO,,"

R3: Tiplet: selected as 1000°C to match outlet temperature of R2,
Toutlet: tnspecified - to be determined ( Tg) .

R4: Tipjet: Selected to match outlet temperature of R3 after thls (R3) deter-
mination ( Teg) . o .

Toutlet: because of the heat of reaction this exceeds Tpjet. Because of
reaction req uirements the peak temperature (which is Toutlet)
must be lower than 600°C. A temperature of 500°C was selected
for calculation to allow some margin for adjustment. - o

In then setting up the energy balances for the individual reactors there are
four equations, one for each reactor, but with a total of five unknowns, only two
of which are the unknown temperatures listed above.

1. T.: the exit temperature of the semi-coke leaving R1.

2. Qj;: the heat transferred from reactor 3 to Rl.

3. Te: the exit temperature of the solids leaving R3 to enter R4 the solids being

CaS, CaO, and inert.
"4,  M: the solids qua.ntlty cycling round reactors R2, R3 and R4, to attemper-

ate R4 and supply heat from R2 to R3.

5. P: the quantity of pyrolysis gas required to heat the CaCO; and inert in R2 to
1000°C.

The four reactors are treated separately. In all calculations inpit and out-
put enthalpies are determined with respect to O°C as zero. -Atmospheric pres-
sure is assumed so spec1£1c heats are all at constant pressure, where this is
relevant,

Completing the heat and mass balances then led. to sufficient information to
complete the Sankey Diagram when a final item of information was included since
the system was otherwise indeterminate with five unknowns but only four equations.
The calculations.showed that, if the physical mechanisms would allow it, heat
could flow either from Rl to R3, or from R3 to R1, However, we know that the
temperatures in R1 must always be less than those in R3 since otherwise net
heat would not ﬂpw from R3 to R1, and the system would not work. If the mech-
anism of heat transfer is by conduction through the brickwork of the adjacent re--
actors, then a substantial temperature difference must be maintained between the
two. This immediately limits the exit temperatures of R1 and R3 to 225°C or
less (determined by the ahalysis) ; indeed it must be substantially less than 225°C
if the temperature difference between the two reactors is also to be substantial.
This restriction is less stringent, however, if the heat exchange between the
two reactors is mainly convective, In the limit, in fact, if gaseous exchange
between the two reactors is extremely fast - which is also highly desirable from

_ the absorption point of view - the gas temperatures can be almost equal { the
"'stirred reactor'" condition), and this is, in fact, the condition assumed. It is
possible under good design conditions for this to be not unrealistic, at least for
the lower half of each of the two reactors (R1 and R3), though it will not be true

o e e Tl s




R

~ -

-

- 95 -

at the top of each reactor. Here, the coal enters cold (50°C) and the CaCO,
and inert enter hot ( 1000°C) and this is expected to provide sufficient tem-
perature differential to generate the heat flow required to heat the incoming
coal to 700°C., - '

Adopting the "stirred reactor' or equivalent temperatures condition for
Te and T, these have equal values at 225°C, The value of M required is then
about 150 1b/100 1b. coal, and P is 3,8 1b. of volatiles/l(_)o 1b, coal. Finally,
the net heat flow required for the coal pyrolysis at a coke exit temperature of
225°C is 32,500 CHU. In summary, therefore, the values adopted for. the five
unknowns are as follows: - :

1. and 2. T = T =225°C

3. M =150 1b, inert/100 1b, coal.

4. P =3.81b. volatiles/100 lb, coal.
5 Q,; = 32,500 CHU/100 1b, coal,

These are the values used for constructing the Sankey Diagram.,

THE SANKEY DIAGRAM

The specific objectives in constructing the Sankey Diagrafn are restated
below: ’

1. To determine the process feasibility in terms of the energy requirements.
2. To establish the expected reactor temperatures,
3. To establish the material flow requirements.

The prime conclusion drawn from the diagram is that the material and
energy flows are acceptable and compatible with realisti¢c reactor temperatures,
so long as the simplifying assumptions are not too unrealistic., This is assessed
to some extent in the following commentary.

1. Taken at its face value the Sankey Diagram summarizing the calculations sup-
ports the feasibility of the proposed process. Specifically, if the assumptions
made are realistic, then the quantities of materials to be handled are not ex-
cessive, the temperatures involved are reasonable and well within limits of
many current industrial processes, Perhaps most important of all, the en- -
ergy self-consumption of the process is relatively small, As calculated it is
under 13% of the energy of the cleaned pyrolysis products, and about 4% of the
total potential thermal energy in the raw coal. This must, of course, be a
somewhat optimistic estimate since the analysis excludes heat losses and power
requirements for fans, pumps, transfer machines etc, Allowing for these by
an increase of 50% in the self-consumption, then this becomes 6% of the pot-
ential energy. '

2. This estimate of 6% self-consumption may at first sight seem a little high’
compared with the typical figuré for.a modern power station of 4 to 5%. This
means that an additional 6% could be too high a penalty to pay; however, of the
6%, only 2 or 3% represents unrecoverable losses. This will be clear from
examining the Sankey Diagram where the bulk of the 33,000 CHU supplied to
the system by burning 3.8 lb, of pyrolysis products reappears in three ways:

1



- 96 -

(1) as sensible heat of the pyrolysis products, totalling 8,500 CHU; (2) as
sensible heat of the char, totalling 6,300 CHU; and (3) as enthothermic heat
of pyrolysis, totalling 20,000 CHU, but which reappears as slightly increased
heat of combustion per pound of both char and pyrolysis products so it is re-
covered on combustion ( These are the figures for Reactor R1 above: a further
2,300 CHU are supplied by the sensible heats of coal and hydrogen, and the
H,/S heat of reaction) .

This means that about 2/3 of the energy supplied by combustion of the
pyrolysis products is automatically recoverable on combustion of the cleaned
output, Even more can be recovered if the char and pyrolysis products can
be burned immediately without any wastage from cooling since this will recover
most of the sensible heat in the output., The system is, therefore, potentially
conservative from the energetics point of view,

3.- There might still be problems in recovering the sensible heats in the two .
outputs. For the pyrolysis products this should be the simpler problem of the
two since the gases only have to be mixed with air to provide a stable flame -

at 1000°C flame holding is no problem - so these could be burned directly in a
boiler. Problems would arise primarily as materials problems in confining the
high temperature gases till they enter the boiler. Some degree of pre-cooling
might, therefore, be required to a temperature where the gases can be handled
in metal pipes. There might even be some reason to cool the gases completely
and use them as a make-up source for pipeline gas (although the Btu/cu. ft.
volume-is a little low for this).

4. The problems in handling the char could be greater although the temperatures
are initially very much lower. The char should be in much the same form that
the coal is originally introduced. If the reactor is a cascade, the coal should be
crushed. The char will, therefore, be relatively coarse and certainly unsuit-
able for immediate use in a conventional pulverized coal boiler: indeed, even if
fine enough, conventional belief is that there would then be flame holding prob-
lems. The char would otherwise be nominally suitable for direct use in an
axial-fired cyclone combustor, but this is only possible if the ash fusion charac-
teristics are also appropriate,

This, unfortunately, indicates that some other combustor may have to be
devised. One interesting possibility would be to construct another cascade unit,
with water-cooled cascade plates, to burn the char in; however, this would re-
quire the development of an entirely new technology. The alternative is only
a little better since it again requires a new technology. ' The char would be
suitable for combustion in a fluid bed., Here the necessary technology is being
developed. It is not yet commercial, but it is now in a usefully advanced re-
search stage.

5. Development of new technology of a fairly complex character is also a factor
militating somewhat against the proposed scheme. The problem that should be
borne in mind is that current utility plantsfor the most part have a high relia-
bility, and utility engineers for the most part are likely to expect additions to
existing plantsof similar reliability. This is also likely to be a serious matter
in view of the current small margin of reserve .generating capacity over in-
creasing demand. Unscheduled outages at peak demand could result in brown-
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outs or black-outs over appreciable regions. For these reasons it would ob-
viously be desirable to develop the cleaning system in stages. This would

mean completing reactors Rl and R2, using precalcined lime and not attempt-

ing sulfur recovery and regeneration in the first place. Recovery can then be
developed on an open cycle basis, and if this proves successful, the closed cycle’
operation can be completed.

6. The success of the whole concept, however, is predicated upon certain key
assumptions that are still somewhat marginal in our preseént state of information,
The most important of these is the assumption that the gases will exchange with
sufficient speed between reactors R1 and R3 that H,S absorption by Ca0 will be
reasonably rapid after the H,S has been formed, and that resorption by coke will
always be a minor process. If this is true then it is also likely to satisfy the
second assumption that the temperatures in R1 and R3, at least in the lower
sections of the two reactors, are much the same, A third critical assumption

_ is that the.reactors can be built tall enough, but without being excessively high,

for the residence times to be long enough for both desulfurization and desorption,
Finally, there are the closely related assumptions (1) that the heat exchange
between R1 and R3 assumed to take place in the upper sections, that provides the
sensible heat for the coal to reach 700°C, will take place; and likewise (2) that
the heat recovery in the lower sections that will reduce the material temperatures
to 225°C will also be possible, )

Definitive information on these assumptions is still lacking. This will re-
quire experiments on cascade operation. If, however, experiments should show
them to be valid, then the cleaning process can be operated at least on an open
cycle basis. Energetically this may be less satisfactory, but as mentioned above,
the technological complexity will be reduced substantially.

7. There are, finally, two respects in which the Sankey Diagram is not quite
complete: .

(a) As already mentioned, sensible heat required to raise ithe incoming coal to
700°C will be recovered from Rl and returned to R3 (if the assumed energy re-
covery in the lower sections occurs). Since this is continued exchange from
R3 to Rl and back again, it should appear on the diagram as a closed loop of
sensible heat, The actual quantity required for this ‘is :not very high: 16, 250
CHU/100 1b, coal; and ‘its omission is not mechanisgtically important if the sys-
tem works as envisaged, For if it works, then this .exchange occurs; if the
exchange does not occur, then the system has failed as so far-described. This,
however, should only mean that.alternative methods of injecting the necessary
energy into Rl must be used. Appropriately modified for this, the scheme
should still be operable although the overall energy balance may not look quite
so good,

(b) The second omission is again a closed loop, this time of material. To
make sure that sulfur is removed at an adequate rate the R1 reactor should con-
tain as high a hydrogen concentration as possible, parficularly ‘in 'the lower sec-
tions for sulfur recovery from H,S resorbed by the coke. Since most of the
volatiles ( containing the hydrogen) will be released near the center of the re-
actor, and will then rise, the lower section is likely to be deficient.” An
appropriate fraction of the cleaned pyrolysis products must, therefore, ‘be
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cooled {to allow handling) and injected into the bottom of reactor R1. Since
this is a mass flow cycling internally there is no net decrease in the volatiles
output; for complete representation, however, the diagram should include a
closed loop to represent this recycle.

CONCLUSIONS

From the considerations discussed above, desulfurization of coal by
hydrogenation before combustion appear to be feasible, energetically and
materially. The kinetic data obtained by the non-isothermal method of Juntgen
are quite adequate for making preliminary estimates of reactor size, From
these it would appear that the reaction times for the desulfurization and for the
H,S absorption may be compatible with residence times in a reasonably sized
cascade reactor, The regeneration and calcination on the other hand is prob-
lematical, but for these more conventional methods such as shaft reactors may '
be quite suitable.. The possibility of making such judgments, therefore, illum-
inates the value and necessity of adequate kinetic data, such as were obtained
by the non-isothermal method, to enable design of reactors in the rapid develop- !
ment of a new technology. :

REFERENCES

1. a) Scientific Research Instruments Corporation Report SRIC 68-13 (1969).
b) M.L. Vestal and Wm. H. Johnston,. "Chemistry and Kinetics of the Hydro-
Desulfurization of Coal, ""Chemical Institute of Canada and American
Chemical Society Joint Conference, Toronto, May 25, 1970. In press.
) Juntgen, Erdol and Kohle 17, 180 (1964)
b) Juntgen and Traenckner, Brennstoff-Chem. 45, 105 (1964) . '
) See also Reference 3 - ref. 15-22. - ' i
3. Scientific Research Instruments Corporation Report No. SRIC 69-10 (1969).
4. N.J. Hassett, Industrial and Process Heating ( November 1966) .

0




Ao 1 ot gl

»
f
1

§ sonvsaneeq | 2 Berdwo) jo ureadeiq 4201g PeIIIdUNg '7 santly
sep . : 4 30 Roun] sw
jong . 12%q 7 dusy 20] pue L H¥31aYIReep [R0d 20
eliog o3 aey) . . samusaduso,
pepphooy | pestanymeng ) .u..v L
-OUG j
ureayg
Twotod,
Injing £ Y
[1 1Y .luv. ses30ayg
enl g sae) J
. porg
uvonERlInIINLeQ
syehjoalkg
180D
) a03INquIod 03 sed
180} pexranymeeq
30y
' %00
uenIPIXO .
~exg
. .. \ouorog
00§ 0
19.).
(1 15} simeredurn]
"D L K :
L S
. T ~ Nl e T~ 4 . :
- - - -~ -~ ~ e P

ney 1 eandig

(. uvwr | _ume)

N WNUO) 03wy



“NOLIYINTDEN UFROSAY NV AYIACOIA STH HLIM
$GOWD < NOLLVAENIONY SOOI 1pY NOHLIAOSEY S7H ANY NOLVINIOCRIGAH ‘SISAI0UAD
(NOISTIANDD 0408) S WD «- 0D AR NMOULBOSAY STH:IGH aINEWCD AD 240 O ZRINAINS 30

OJUQﬂQUlU,aZO_.—.(Z_UJiu 2 z<~°<—n >m¥z<m

ACOS V0D SNINIYLNODS (0 NOILYNBOGUAAK ANY SISATOWAL TS

| ST e aprpaywegngun T T o NOILY RSSO BOLIVIY (w044 ANE )RS TT P IO [0 £ HOL

,Aul WESS WDGOY - STH NS . _ : ﬁ
S ; ////_V \

W
3
A
=2 0
;

: 622
—Im PTET \
i . | \

| epAihy T80 ) piniRs yOHDN

Rk

:

2,595 ¥

J_
» S ) THIO O P rah M08 —
R ST MAEAT T HIQSS T —
] aprpo s Al IR uns | _ o _
o L wm NI OO0 O H maniaimes WY sisdrndy
Q 1 — ey _
~ w igp / _ ‘ Tk Y 1 /A s .
mwnw SymposRATIAY q /7 f3 4 S ALIES Bavpriy —
1 LA ~os98Lsz - \—w J womoma NI A s
BMMM | , o ,\.\x—s _ .3,1000%8\ .\\ L | “
3 / / . 52 2/ Sy S B
M IR VI -t YOSy P
\.,\ S s angea .h..\f. Y K \
R . -7 e _
? X _
g |
2 5 | uoisnausy
UOL{SNQUIC) 453 D,00! T8 EIN L - wnpd 3008 —
pat i B i it
5 00T v _ ®OINOLE: _
S1Nacad SNV </ /[ [ ") _ )
(IHOONAYHD = BEBHY | _ = m_ _
LV BTSN « p—— | | | 1
A¥EH WILNILSY -~§ L— lnlw-ﬂowlmr —
s »
ouraaet-Ex/LEm1 Tt <o Eapes
NH 000001 =T 1 003 B YRLAes ™OOSTI
an3oat 2908 JOIC AT

(Morsnawe) L) 1VAH 1V LN3LOd ANdNY TYO> 9100l




- 101 -

PROCESS RESEARCH ON DESULFURIZATION OF PETROLEUM COKE
by
R. D. Ridley

Garrett Research and Development Company., Inc.
La Verne, California 91750

The individual and combined effects of sodium hydroxide, so-
dium carbonate, hydrogen, and hydrogen sulfide on desulfurization
of petroleum coke have been reported on the literature many
times (1-5). Hutchings (1) shows that essentially complete de-
sulfurization is obtained using a high ratio of NaOH to coke,

a temperature of 750-865°F, and a 7-1/2 hour residence time.
Lukasiewicz and Johnson (2) desulfurized delayed petroleum coke
with sodium carbonates and determined an optimum temperature

of 1,400°F. They obtained up to 67 percent desulfurization using’
0.28 gm Na,CO3;/gm coke. Seventy percent of the sulfur removed

was recovered as a sodium sulfide wash solution. The balance came
off as H,S. Mason (3) demonstrated that hydrogen was relatively
ineffective for desulfurization of fluid coke. Almost 6 hours
were reguired for a 50 percent sulfur reduction at 1,300°F. Mason
also showed that the sulfur content of fluid coke could be increased
by reaction with a H2S-H; mixture. Gorin (4) and others (5)

have also shown the deleterious effect of H;S on char desulfuriza-
tion. And finally Johnson (6) discovered the combined effect of

sodium hydroxide and hydrogen for desulfurization of calcined
coke.

This paper presents data on desulfurization of fluid
petroleum coke with hydrogen, with sodium hydroxide and hydrogen
and, as an outgrowth of this work, sodium sulfide and hydrogen.

A screening study wherein over 80 potential sulfur acceptors were
reacted with ground fluid coke at 1,400°F, identified NaOH and

KOH as effective reagents and, in general, confirmed the con-
clusion of previous workers. The use of hydrogen and relatively
small amounts of NaOH with fluid coke was found to be a highly
efficient desulfurization route. As with all sodium hydroxide

or carbonate systems, most of the sulfur was recovéered as soluble
sodium sulfur compounds, primarily Ha,S. Some sulfur was also
recovered from the off gases, both as H,S and COS. Experiments
wherein the sodium sulfide product was substituted for the

sodium hydroxide reactant gave substantial desulfurization resulting
in significant simplification of the commercial process concept

as described in U. S. Patents 3472622 (7) and 3472624 (8) assigned
to Tidewater 0il Co. (now Getty 0il Company).

Fluid coke is a petroleum coke produced as small, low surface, .
essentially spherical, dense particles. Ninety-five percent
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falls in the particle size range of 14 to 200 mesh. Table I shows
typical properties. The sulfur content is, of course, dependent-
upon the sulfur content of the residium feed to the fluid coker.

Coke used in this work varied from 3.7 to 7.2 percent sulfur. Oxygen

content and surface area are functions of particle size as shown
in Table 1II. One step in fluid coking is the reheating of coke to
reaction temperatures by burning with air. This is accomplished
in the coker burner; product coke is also withdrawn from this
vessel. Thus the last reaction in fluid coking is an oxidation
and it is not surprising to find oxygen in the product. Nor is

it surprising to find more oxygen on the smaller particles which
have more goemetric surface area per unit weight. The measured
surface area (BET) also increases with decreasing particle size.
Figure 1 is a photomicrograph of two typical coke samples and shows
the essentially spherical form of each particlé. The basic ' )
structure is shown in Figures 2 and 3. Coke is laid down in thin
layers or "onion skins" with burning occurring between laydown of
layers. These onion skins are quite evident, and in Figure 3,

a seed particle is also evident. This structure was described
previously by Dunlop, Griffin, and Moser (9).

Desulfurization with hydrogen alone was found to be diffusion
limited as indicated by a direct relationship with surface
area as shown in Figure 4. Fluid coke was screened to obtain
the different particle size fractions and reacted at 1,400°F
for 1 hour with hydrogen gas flowing through the bed. Maxim-m
sulfur removal was approximately 40 percent; desulfurization
of unscreened coke under the same conditions is approximately
15 percent.

In another series of experiments, fluid coke was reacted
with an equal weight of NaOH at 1,200°F for 1 hour and without
a sweep gas. The product mix was cooled, extensively washed
with water, and analyzed for sulfur. Essentially complete
desulfurization was obtained. Figure 5 is a photomicrograph which
shows that the coke particle is literally torn apart by these
severe conditions. Unfortunately, surface area on this treated
coke was not measured, but from other work, it is estimated
to be close to 100 m?/gram. Thus, NaOH obviously either
eliminated or dramatically reduced the diffusion barrier evident
for desulfurization with hydrogen alone. If a reduced NaOH
concentration would "open up" the coke surface, more efficient de-
sulfurization with hydrogen would be anticipated.

Experiments with NaOH, H; and coke were made over the
operating range of 800 to 1,600°F and 0.0 to 0.40 #NaOH/#coke.
Aqueous NaOH (usually 50 percent solution) was sprayed onto
coke particles in a liquids-solids blender. Thirty grams of the
mix was placed in a quartz tube, hydrogen flow was started and
the mix brought to reaction temperature. After a run, the
samples were cooled, washed to remove sodium compounds - mostly
sulfides - and the coke analyzed for sulfur. Figure 6 shows that
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1,200°F to 1,400°F is the optimum temperature range; Figure 7

that 90 percent desulfurization can be obtained with 0.13 #HaOH/
ficoke at 1,220°F, with a 1 hour reaction time. The cokes from these
runs were indistinguishable from raw coke under the same micro-
scope used for the earlier photomicrographs. Data for these runs

is shown in Table III. Residual sodium analyses were not made

on these desulfurized cokes; however, later work showed that sodium

on coke treated in this manner normally assayed 0.1 to 0.7 wt.
percent. . -

Experiments with a 6.0 percent sulfur coke showed similar
results although the percentage desulfurization was somewhat
reduced. Figure 8 and Table IV shows data from two series of
experiments; one run as indicated for the earlier experiments,
the other using a larger reactor, a fluid bed, and a different
system for addition of the hydroxide. Five hundred sixty grams of
coke were loaded into the reactor, fluidized with nitrogen, and
heated to 1,200°F. At this point, gas flow was switched to '
hydrogen and a 50 percent aqueous solution of NaOH admitted to the
bed slowly through an atomizing nozzle. Addition of the desired
quantity required 22 to 33 minutes after which the reaction was
continued for one hour. Essentially the same results were
obtained for the two systems.

At this point in this development it appeared that desul-
furization was primarily due to the strong getter effect of
sodium for sulfur and that hydrogen simply facilitated the
transfer of sulfur from the coke to the sodium. It appeared
that the getter was necessary to minimize the partial pressure
of H,S; without it, desulfurization would be severely restricted.
Primarily to test this theory, several runs were made in which
sodium sulfide was substituted for sodium hydroxide. These runs
were mostly carried out in the larger reactor utilizing 560
grams of coke and varying amounts of sodium sulfide. The sodium
sulfide. came from two sources. Wash solutions from desulfur-
ization runs with NaOH were spray dried to obtain an essentially
anhydrous product having a sodium to sulfur mole ratio of
2.14 to 1. For other runs, vacuum dehydrated sodium sulfide
trihydrate was used. The dehydration was accomplished in mnickel
crucibles at a pressure of 200 microns with a maximum temperature
of 360°F reached in 6 to 8 hours. The trihydrate is theoretically °
40.9 percent water; 37.7 percent was recovered, indicating that
3.2 percent water was not removed. When dried slowly the trihydrate
remained as flakes which were easily ground to ~40 mesh. If
dehydration proceeded too rapidly the. flakes would melt and form
a fused mass unsuitable for further use. All dried Na,S was stored
in a dry, inert atmosphere.

Needless to say the desulfurization results were not what
were expected. Sulfur reduction did drop, but less than
anticipated. Table V shows comparisons between the NaOH and
Na,S systems for both cokes. For the higher sulfur coke desul-
furization dropped from 76 to 45 percent. For the lower
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sulfur coke, desulfurization dropped from 91 percent to 64 per- _
cent; however, additional residence time increased desulfurization
with Na,S as shown in Figure 9.

The significant point in this discovery is its effect on
an overall process concept. All sulfur removal is as
volatile sulfur compounds, i.e., H2S and COS. These can be
recovered easily from the gas stream. Sodium sulfide can be
separated from the coke by washing, spray dried and recycled
directly without conversion back to the hydroxide form. This
is shown in Figure 10.

The wash step is still undesirable. For one thing it is
costly, for another inefficient as it does not remove all the
sodium added. Typical results show 0.1 to 0.7 wt. percent residual
‘sodium. ' One more approach was attempted to substitute size
classification for washing. Coke was screened to obtain two
separate fractions: 60 to 80 mesh and 150 to 200 mesh. The
150 to 200 mesh sample was impregnated with NaOH and reacted
to convert it to the sulfide form. The recovered particles were
not washed. One hundred forty grams were mixed with .290 grams
unreacted 60 to 80 mesh coke. This mix was reacted with hy-
drogen at 1,200°F for two hours. After reaction, the 60 to 80
mesh coke was separated and analyzed. It was then washed and
reanalyzed. Results are shown on Table VI. As can be seen some
sodium was transferred to the larger particles, thus necessitating
the wash. Thus this experiment failed to find a way to
eliminate the washing step. However, the desulfurization results
were considerable better than obtained with Na,;S and equally
as good as with NaOH. Sixty nine percent desulfurization
was obtained. This 69 percent compares to 66 percent obtained in
one hour with NaOH and an estimated 50-55 percent that would have
been obtained with the same quantity of Na,S.

) A clear picture of the reaction mechanism for coke desul-
furization with sodium compounds and hydrogen has not really
evolved although certain items are known. The getter effect

of NaOH is helpful but unessential except where v1rtua11y complete
desulfurization is required. It appears that the primary role

of sodium is to eliminate or reduce the diffusion limitation
which prevents effective desulfurization with hydro?en alone.
Surface areas in desulfurized cokes were 30 to 60 m‘/gm compared
to 10-12 mz/gm on the raw coke. The partial pressure'effect of
H,S, obvious in other work on coke and coal chars, is not

limiting when sodium is present Concentrations up to 5 percent
H,S5 plus COS had to occur in the initial stages of reaction. Some
sodlum either reacts with the coke particle or migrates into

it to such a position that it cannot be removed by washing.
However, no direct relationship was found between percent de-
sulfurization and residual sodium. While not detailed in this
report, there is evidence that the amount of sodium left on the

coke is a function of the partial pressure of water vapor during
the reaction.

e
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In summary, the data obtained in this study is, consistent
with that reported by other investigators of NaOH and HaOH-H,
systems. Up to 97 percent desulfurization was obtained when pro-
cessing with the NaOH-H, route. However, this data also shows
up to 74 percent sulfur removal in a Na,S-H, system. Eighty to
90 percent desulfurization is believed attainable by this route
with further process optimization. The high partial pressure
of H2S that occurs in this Na,S-H; system does not appear to sig-
nificantly retard sulfur removal.
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TABLE T

Typical Properties of Fluid Coke

Ultimate Analysis, wt.%

Carbon 87.83
Hydfogen 2.08
Nitrogen 1.34
Sulfur - (3.8-7.2)
Oxygen 1.33%*
Ash 0.2
Physical Properties
Density, gm/cc 1l.524
Surface Area, mz/gm 10-12%*
Screen Analysis
+14 Mesh 3.7
+60 26.4
+80 6l.6
+100 75.7
+150 91.3
+200 98.5
~-200 1.5

*Varies with particle size
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TABLE II -

Properties of Fluid Coke Size Fractions

gxlér Mesﬁ

_435+60
-60+80
-80+100
-100+150

 _-150+200

-200

Surface Area

- ._Mm"”/gram
8

10
16A
21

38

. fOngen, wt.%

1.19
1.25
1.33
1.31

1.48
1.39
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TABLE ITI _
Desulfurization of Fluid Coke with NaOH and H

{
2
| -
. Temp. NaOH/Coke H2> Time, Min. ] Sulfur & pesul- j
Run No. °F wt./wty V/V/hr. Preheat Reaction wt.% furization !
Feed Coke - ] - - . 3.78 - {
~Effect of Temperature {
53D 1,200 0.10 530 .8 60 0.51 86.5 1
63D 1,400 0.10 530 8 60 0.60 84.2 /
708 1,600 0.10 530 8 60 - 2.14 PRI
Effect of NaOH/Coke at 1,220°F " | “ j
31B 1,220 0.25 530 90 60 0.10 97.4 J
44A 1,220 0.25 530 90 60 . 0.22 94.2 }
33B 1,245 0.15 530 90 60  0.32 91.5
34B 1,210 0.05 530 90 60 1.51 - 60.3 ‘
41A 1,220 0.05 530 90 60 1.37 63.9 ‘
40B 1,225 0.05 530 90 60 1.10 71.1
34A 1,210 - 0.00 530 90 60 3.01 20.8
Effect of NaOH/Coke at 1,030°F
_35A 1,030 0.40 530 . 90 60 0.16 95.8 :
35B 1,020 ~ 0.25 530 - 90 60 0.36 50.5 |
36a 1,040 0.15 530 . 90 . 60 - 0.67 82.4 )
368 1,030 0.05 530 50 60 2.25 40.8
423 1,030 ° 0.05 530 9 60 2.3 37.4 l
428 1,035 0.00 530 90 60" 3.51 1.6 J
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TABLE III (cont.)

Desulfurization of Fluid Coke with NaOH and H,

Temp.
Run’No. '°£ 
37a 820
37B 830
38a 815
38B - 830
43B 815
43a 820,
53 1,200
538° 1,200
53C 1,200
1,200

53D

NaOH/Coke H, Time, Min. Sulfur % Desul-
wt. /wt. V/V/hr. Preheat‘ggactfdn wt.$ furization
Effect of NaOH/Coke at B820°F

0.40 530 %0 60 0.73 80.8
0.25 530 90 60 0.94 75.3
0.15 530 920 60 '1.20 © 68.4
0.05. 530 90 60 - 2.84 25.3
0.05 530 90 60 3.18 "16.3
0.00 530 90 60 3.78 0.1
.Effect of Time
0.10 530 8 15 0.96 74.7
0.10 - 530 8 30 0.87 77.1
0.10 530 8 "60 0.51 86.6
530 8 120 0.47

87.6
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, TABLE IV
Desulfurization of Fluid Coke with NaOH and H2

- . Quartz Tube . Pilot Plant
Run No. : 143 . 142 41 CD 12 "Ch 13 CDh 16

Reaction Temp., °F 1,200 - 1,190 1,200 1,200 1,200 1,200

‘Time, Minufes

NaOH Addition - - - 28 22 33
Reaction Time - _60Q _60 _60 60 - 60 60
Total Time 60 60 60 88 82 93
Hy Flow Rate V/V/Hr. 1,510 1,510 1,510 1,640 1,640 915

NaOH/Coke wt./wt.  0.05 ~0.10 0.15  0.065  0.078 0.147

Sulfur Analyses, wt.%

Raw Coke 6.0 6.0 6.0 6.0 6.0 6.0
Desulfurized Coke ‘ C ' B
Before Wash * * * 4.0 5.0.. *
After Wash  2.02 1.55 1.28 1.99 1.87 1.42
$ Desylfurization 66 74 79 67 69 76
Residual Sodium, ‘ » :
After Wash, wt.&  0.63 0.86  * 0.49 0.46 0.71

" *Not determined
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TABLE V.

Desulfurization of Fluid Coke

Comparison of NaOH-H, and Naés4H2-Systéms'
©__Coke A - ‘ :

Reactant - ) NaZS
Reactant/Coke, wt./wt.0.135
Reaction,Temp. oF 1,220

H, Flow, V/V/Hr. = 780

Sqlfuf.Analyses, wt.$
Raw Coke 6.0

Desulf Coke; Washed

After 30 min. - 4.25

60 3.30
90 2.50
120 ) -
% Desulf @60 min. 45
% Desulf @90 min. ‘58

Residual Sodium, .
@ 60 min., After Wash 0.68

Na/$ Mole Ratio in Wash 2.49

* Not Determined
** Estimated
***Ayerage 12 runs.

. CDh-16

ﬁaOH

0.147

1,200
915

6.0

1.42
76
79**

0.71

2.29% %%

Coke B
CcD-81 33B*
“NaZS ., NaOH
0.15 " 0.15
1,250 1,245
1,780 © 530
3.8 3.8
1.75.
1.35 0.32
1.15
'1.00 _
S 64 - 91
70 . g4 x#
0.80 *
2.39 *
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TABLE VI

: .Desu]fu::zatwcn of Fluid Cokc
Use of Sodlum Sulfide Carrlpr

Raw Coke, -60+80 Mesh, 6.0% S, grams

Reacted Coke with Na,s, -150+200 Mesh,~grams

Na S/Raw Coke, wt./wt.

‘Reaction Temperature,‘°F

Reaction Time, hrs.

Sulfur Analyses, ~60+80 Mesh, wtﬁ%
Raw Coke |
Before Wash
After Wash

% Desulfurlzatlon

290

140
'0.056

1,200

6.0

2.70

1.86
69

Sodium Analyses, ~150+200 Mesh Recycle Coke, wt. 'Y

Start of Run

End of Run

© 6.81
1,40

R SR, | S, e =~

L S, iy, i, .

.

-



Figure 1.

Figure 2.
Yonion skin" structure.
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PLATE 1

Fluid coke particles, untreated.

Fluid coke particle showing
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Figure 3. Fluid coke particle showing
"onion skins" and seed particle.

Figure 5.
1,200°F,
coke.

Fluid coke after reaction at
1 hour, and with 1.0 gm NaOH/gm
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PLATE 3

Figure 10. Flow diagram for fluid coke
desulfurization with Nazs and HZ'
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DESULFURIZING FUEL VIA METAL OXIDES
R. K. Bhada and W. L. Sage

The Babcock § Wilcox Co.
Research Center
Alliance, Ohio

INTRODUCTION

One concept for desulfurization of fuel involves conversion of the sulfur
to hydrogen sulfide via partial oxidation with subsequent removal by reaction
with a metal oxide to form a metal sulfide. The sulfide could then be regen-
erated with preheated air to produce a stream of concentrated sulfur dioxide.
This scheme is illustrated in Figure 1. Such a scheme may be used in several
processes. One such process for a two-stage combustion power cycle is illus-
trated in Figure 2. ' :

While the concept appears attractive, very little is known about the
reaction rates and limitations of desulfurization and regeneration. In order
to obtain some preliminary data regarding these, bench-scale experiments were
made using a synthetic gas. Temperature and gas flow velocity were varied.
Based on results of these bench-scale experiments, a small pilot plant was
built and tested employing coal gasification and a cyclic sulfur removal system.
Iron oxide was selected because of its low cost and ease of availability. How-
ever, other oxides, such as zinc oxide, would probably be just as effective.

This paper describes our experiments and their results pointing to the
utility of this desulfurizing concept. ,

APPARATUS AND PROCEDURE

Bench-Scale Experiments

A schematic diagram of the bench-scale experimental system is shown in
Figure 3. Gas or air (depending on whether it is an absorption or regeneration
cycle) flows at. a controlled and measured rate through a quartz preheater into
the reactant furnace. The furnace containing the reactamt cell (details
described later) is maintained so that the reactant surface temperature is
constant at a predesigned value. The exit gases are cooled, analyzed, and
vented through a stack.

: High-temperature thermocouples are imbedded in the following five places
to trace the temperature profile through the system: preheater, inlet to
reactant furnace, surface of reactant, exit of reactant furnace, and exit of
cooler (just prior to analysis). The flow rate is measured before preheating.

The hydrogen sulfide or sulfur dioxidé is analyzed by a colorimetric method
(modified Reich method) where the H2S or SO7 is reacted with a slightly acidic
iodine solution. Additionally the other gaseous constituents of interest such
as sulfur trioxide, carbon monoxide, carbon dioxide, and oxygen are periodically -
analyzed. :
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Two reactant materials were utilized: (1) sintered iron powder and (2)
plain carbon steel. The sintered iron powder surface was fabricated in the
form of cells of 0.25-inch inside diameter and reacting surface area of approxi-
mately 0.06 square foot. Each cell was formed by packing a tube with fine iron
powder using a carbon rod to create the bore. The cells were then placed in a
furnace at 70 F and raised to 1800 F at a rate of about 900 F per hour. The
cells were held at 1800 F for 3 hours and then cooled gradually for 16 hours.

The plain carbon-steel surface was tested in two arrangements. The first
arrangement was in the form'of an amnulus, and the second was in the form of a
long single tube with three passes in the furnace. The first arrangement had
a 3/8-inch diameter threaded rod in a 1/2-inch inside diameter pipe and was
21 inches long; the active surface was approximately 0.38 square foot. The
second arrangement was 6.5 feet long, made of 0.269-inch inside diameter pipe;
the reactant surface was thus approximately 0.45 square foot.

All tests were started with the oxidation cycle. Air at a controlled rate
(set so that the velocity in the reactant cell was between 5 and 30 fps) was
started through the system. The preheater temperature was then slowly raised,
followed by raising the reactant furnace temperature. All thermocouples were
continuously monitored. The cooling water was regulated to hold the stack gas
temperature below about 150 F. After a sufficient oxidation period (greater
than 1 hour), the air was turned off, and the gas was started. A synthetic
gas, containing* approximately 1% H2S, 12% CO, 8% COz, 1% CH4, and the balance
N2, was started through the system at a controlled rate (set for a fixed velocity
through the reactant cell). The exit gas was continuously analyzed for H3S,
and a record was also maintained of the temperature readings of the various
thermocouples, the flow rate, and the CO and CO2 contents of the exit gas. The
synthetic gas flow was maintained until an appreciable breakthrough of H2S was
observed, usually about 1 hour, after which the gas was switched off and the
air flow was started for regeneration. S0; was analyzed continuously, and
temperatures, flows, and oxygen content were monitored intermittently.

After the regeneration, the absorption cycle could be started again.
Several absorption and regeneration cycles were conducted in series to obtain
some idea of the effect of cycling and continuous operation. At the end of
the tests, the reaction cells were cut open and examined.

Pilot Plant Tests

The test equipment used is shown schematically in Flgure 4, and a photo-
graph is shown in Figure 5.

Coal is charged to a gasification chamber of 1-foot diameter and 10-foot
length. This chamber is refractory lined to minimize heat losses. The make-
gas from the gasifier passes through a one-stage cyclone chamber with an
expected efficiency of 80 to 90% for partlculate Temoval.

* Essentially the same composition as that of a synthetic gas from a gasifier.
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The removal of hydrogen sulfide from products of combustion is accomplished
by reaction on the iron oxide surface. The absorption cells were designed,
employing a carbon-steel surface, to handle approximately 400 1b of gas flow
per hour.

The arrangement of an absorbent cell is shown on Figure 6. The grid sur-
face is made of 0.25-inch diameter carbon-steel rods. There are 1780 1-foot
long rods in each cell providing 116 square feet of surface. The rods are
staggered on 0.375-inch centers covering a 12-inch by- 12-inch opening 18 inches
deep. The cells are refractory lined with 2 inches of Kaocrete '"D" to reduce
heat loss. :

A secondary furnace and combustor receives sufficient air to camplete the
combustion of make-gas, unreacted carbon, and auxiliary natural gas. The heat
from the flue gas is absorbed by an air heater before the gases pass out the.
stack.

Air flow to the gasifier, secondary combustor, and cell regeneration is
controlled by remote pneumatically operated dampers. Flow rates are determined
by orifice meters, pressures by manometers or gages, and temperatures by well-
type thermocouples. The fuel feeds are determined as follows: natural gas by -
orifice meter and coal from a calibration of feeder speed vetrsus coal rate.

The method of gas analysis was the same as that in the bench-scale tests.
Additionally the Barton Electrolytic Titrator was used for hydrogen sulfide
detection at the exit, and a UV sulfur dioxide detector was used to closely
follow the regeneration.

All shakedown and preliminary tests were started with the oxidation cycle.
Combustion air to the primary combustor was set at a controlled rate to main-
tain a desired gas flow through two absorbent cells until steady-state condi-
tions were established. The unit was heated up using natural gas by first
placing the secondary combustor in service and then the primary. As the
combustion air temperature was raised, the desired operating parameters were
set in preparation for gasification and the absorption cycle. The combustion
air temperature to the secondary and primary combustors was limited by the
available air heater surface, resulting in a steady-state air temperature of
650 to 700 F during gasification. The pulverized coal was fed at approximately
50 pounds per hour for gasification. This gasification coal was transported
by compressed air flowing at approximately 100 pounds per hour.

The gas leaving the absorption cells was continuously analyzed for H3S,
and the resulting data was recorded until significant breakthrough or satura-
tion was apparent. After this occurred, regeneration was started, and the idle
cell was placed in service on the absorption cycle. Normally, two of the cells
were continuously on absorption while one of the three was on regeneration.

After the regeneration, the absorption cycle could be started again if
desired. Absorption and regeneration cycles were conducted in parallel in
order to obtain a better idea of the effect of cycling and continuous operation.
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RESULTS

Bench-Scale Experiments

The following parameters were examined with the sintered iron oxide cells:

Cell dimensions: 0.25-inch inside diameter and 10.5 inches long
Cell surface temperature: 825 and 1200 F
Gas velocity: 7 to 18 fps :

With the carbon-steel surface (annular and tubular arrangements), the following
were the parameters:

- Cell dimensions:

1. 3/8-inch threaded rod in 1/2-inch pipe, 21 inches long for
the annular arrangement )

2. 0.269-inch inside diameter and 6.5 feet long for the
tubular arrangement

Cell surface temperature: 1200 and 1600 F
Absorption gas velocity: 7 to 20 fps

Time, temperature, and gas composition were obtained and are summarized
in Tables 1 and 2.

The data in Tables 1 and 2 does not include intermediate sulfur concentra-
tions during absorption and during regeneration* For one set of parameters
(1200 F cell temperature and 0.064 scfm flow during adsorption using the
tubular heater of 0.45-square-foot surface) the concentration-time curves
are shown in Figures 7 and 8; these are typical results and are similar to .
the behavior observed under other operating conditions.

A microscopic examination was also made of the specially-prepared tube,
cut open after an absorption cycle. The main purpose was to determine whether
~iron sulfide was formed, and if so, whether the reaction was primarily at the
surface or throughout the wall. The microscopic examination revealed that
the reaction was primarily at the surface, as evidenced by Figure 9.

An odd phenomenon was observed at 1600 F cell temperature, both during
absorption and during regeneration. It was found during absorption that more
than 99% of the H2S was absorbed with no breakthrough (or reactant saturation),
even after 2 hours of absorption. However, regeneration with air was unsuc-
cessful since surface deformation or deposition caused the flow passage to be
bloﬁkeg. An unusually large amount of internal heat caused the reaction tube
to bend.

* Periodic Orsat gas analysis showed no change in composition of the other
gas constituents during absorption, nor did it show amy oxygen in.the
regenerated stream during the peak period of regeneration.

— e rem— TN
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Pilot Plant Tests

A plot of pertinent ‘data for a typical cycle employlng cell- No 1 with a
full grid and cell No. 2 with a half grid is shown on Figure 10. The free flow
area through the grids was 0.33 square foot per grid. Make-gas flows were
obtained by summing the air flow to the gasifier, the natural gas, and 50% of
the coal. On this basis make-gas flows ranged from 350 to 500 1b/hr. An
assumed make-gas temperature of 1000 F resulted in gas velocities of 5 to 8 fps
using two grids or 10 to 16 fps using one grid, both ranges being well above
the gas velocities employed for electrostatic precipitators. Inlet H2S con-
centrations were varied ‘from 1000 to 7500 ppm by volume using sulfur addition
for the higher values. These concentrations would be obtained from 0.6 to 4 5%
sulfur coal (based on 50% theoretical air).

The efficiency* of HyS removal is plotted in Figure 11, which indicates .
that: - - :

1. Removal efficiency is favored by operation at higher temperatures.

2. Removal increases with contact time. Contact times for the three
curves are in the order of 0.25 sec for two.cells, 0.12 sec for
one cell, and 0.06 sec using half of the grids in one cell.

Note: Since total gas flow was constant the upper and center curves
' show a 2 to 1 velocity effect; however, the middle and lower
curves have only retention time.

" The cells were normally regenerated using preheated air (500 to 650 F) at
flows ranging from 90 to 165 1b/hr. The grids appeared dark in color following.
the H3S removal cycle and seemed to have some carbon deposition on the surface.
Following regeneration the surface assumed a reddish, rust colored appearance.
Using the last 120 minutes of data shown on Figure 10 and calculating on the
basis of 6500 ppm removed from a gas- throughput of 450 1b/hr,yields an hourly
removal rate of 40 scf of HpS. On the basis of the 90 1b/hr regeneration rate
employed, an average 3.3% SO; content would provide a sulfur balance. This
value appears to be a reasonable summation of the area under the SO, regeneration
curves.

CONCLUSIONS

The following pertinent conclusions may be drawn from the results of the
bench-scale and the larger-scale experiments:

1. The concept of absorption of HS by iron oxide and subsequent
regeneratlon as a concentrated (12 to 15%) stream of SO, is techmcally
feasible in the temperature range of 800 to 1200 F. 'I‘he absorption
does not decrease due to carbon particles in the gas. However, to
avoid pluggage it is desirable to operate the absorption umnit at
1100 to 1200 F. .

* Efficiency is defined as H)S removed/H,S inlet x 100.
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2. The overall desulfurizing reaction, H;S + Fe0 » FeS + Hy0, is extremely
rapid and occurs at the iron oxide surface. The reaction appears
limited only by surface saturation. This saturation limit lies
above 25 scf of H;S per 100 square feet of surface. -Reaction rate
and saturation limit are favored by the higher temperatures.

3. The overall regeneration reaction, FeS + O3(in air) - FeO + SOg(in air)
is also extremely rapid in the temperature range of 800 to 1200 F.

On the whole the preliminary experiments reported in this paper indicate
that the absorption and regeneration reaction rates are rapid. Diffusion,
rather than reaction, will control the design parameters. The surface satura-
tion limit will determine the cycling period.

DISCUSSION

The initial intent of this work was to establish the technical feasibility
of this concept of controlling sulfur emission from fossil fuel fired power
plants. This feasibility has been established. The second objective was to
obtain sufficient performance data to permit making a conceptual- plant design
and an economic evaluation. These are currently underway. No attempt was made
to establish the precise reaction mechanism or the kinetics of the reactions.

¢
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SUMMARY OF RESULTS WITH SPECIALLY-PREPARED SURFACE
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* Due to rapid evolution of SO; it was not possible to measure exact amount.

TABLE 1.
_ R Exit Gas
Cell Wall Flow Velocity Length Sulfur Concentration**
Diam, Temp, Rate, in Cell, of Cycle, At Start, At End,
Cycle inches F scfm fps min ppm ppm
Absorption 0.25 1200 0.112 17.5 7 . 270 H 1870 H,S
Regeneration 0.25 1200 0.111 17.4 3 Large 882 S(%z
Absorption 0.25 1200 0.114 17.8 7 ~200 H3S - 3300 H3S
Regeneration 0.25 1200 0.117 18.3 2 Large SO 0 SO2
Absorption 0.25 - 1200 0.114 17.8 7 ~200 HS 5000 HyS
Regeneration 0.25 1200 0.114 17.8 3 29000 SOz 0 SOz
Absorption 0.25 1200 0.064 10.0 10 ~200 HpS 3170 H3S
" Regeneration 0.25 1200 0.064 10.0 5 Large SO7 "0 SOz
Absorption 0.25 1200 0.064 10.0 9 330 HpS 1650 HzS
Regeneration 0.25 1200 0.064 10.0 3- Large SO, 0 SOz
Absorption 0.25 825 0.064 7.75 9 ©220 HS 1700 H,S
Regeneration 0.25 825 0.064 7.75 3 Large SO2 0 SO2
Absorption - 0.25- 825 0.064 7.75 9 220 H2S 710 H2S
Regeneration 0.25 825 0.064 7.75 2 Large SOz 0 SO
Absorption 0.25 825 0.114 13.8 6 460 HzS 1780 H3S
Regeneration - 0.25 825 0.114  13.8 2 Large SO; 0 SOz
Absorption 0.25, 825 0.114 13.8 6 640 H,S 1900 H2S
Regeneration 0.25 825 0.114 13.8 2 Large ng 0 SO7

** Inlet sulfur concentration was 10,000 ppm H;S during absorption and appfoxi—
mately O ppm SO, during regeneration.
SO, exit concentration shown was after an 1n1t1a1 transient period.
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TABLE 2. SUMMARY OF BENCH-SCALE RESULTS WITH STEEL SURFACE
Exit Gas
Cell Wall " Flow Velocity Length Sulfur Concentration®
Cell Temp, Rate, in Cell, of Cycle, At Start, At End,
Type F scfm fps min ppm ppm
Anmular 1200 0.120 10.5 9 320 HpS 2760 H,S
! 1200 0.026 2.3 12 96500 SO» 0 SO2
" 1200 ° 0.060 7.0 33 120 H2S 2740 HpS
" 1200 0.026 2.3 17 151000 SO 0 SO2
" 1200 0.060 7.0 30 90 HpS 2000 H3S
" 1200 0.026 2.3 12 122000 SO2 0 802
" 1200 0.120 10.5 8 110 HpS 2660 HS
" 1200 0.027 2.4 7 96000 SO, 0 SO2
" 1200 0.120 10.5 8 305 HaS 2200 H2S
" 1200 0.027 2.4 10 133000 SO2 0 SO
" . 1615 0.060 8.8 128 <100 HS No Breakthrough
" 1615 0.027 4.0 Large 0 SO2 0 SOz
Tubular 1200 0.064 8.5 13 65 HpS 3100 HpS

" 1200 0.027 3.6 5 10100 SO2 0 SOz
" 1200 0.064 8.5 17 50 HpS 1210 HpS
" 1200 0.031 - 4.1 5.2 13100 SOp 0 SOz
" 1200 0.064 8.5 20 40 HpS 1280 H3S
" 1200 0.032 4.2 5.8 13100 SO» 0 SOp
" 1200 0.062 8.2 24 45 HpS 1400 HpS
" 1200 0.028 3.7 8.3 12700 SO7 0 SO2
" 1200 0.120 15.9 20 60 H2S 1600 H2S
" 1200 0.038 5.0 12 14300 SO7 0 SOz
" 1200 0.120 "15.9 24 90 HpS 750 HpS
" 1200 0.037 4.9 14 16000 SO, 0 SO2
" 1600 0.120 19.7 80 50 HyS No Breakthrough
" 1600 0.027 4.4 Large 0 SOz 0 SOz

* Inlet sulfur concentration was 10,000 ppm HyS during absorption and approxi-
mately 0 ppm SO during regeneratlon

5§02 exit concentration shown was after an initial transient period.

4
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FIQURE 3., SCHEMATIC DIAGRAM OF BENCH SCALE EXPERIMENT
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TYPICAL H,S CONCENTRATION VS TIME CURVE

RPTION FOR BENCH SCALE TESTS
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FIGJRE 11. H,S REMOVAL EFFICIENCY FOR LARGE SCALE TESTS
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Hydrogenolysis of Benzo[bl]thiophenes and
Related Intermedlates over Cobalt Molybdena Catalyst

By
Edwinh N. Givens and Paul B. VEnuto:,
" Mobil Research and Development Corporatidn

Research Department
Paulsboro, New Jersey 08066

INTRODUCTION
The chemistry of sulfur removal from high molecular weight
heterocyclic sulfur compounds has become of increasing interest with

the refining of high boiling and residual petroleum fractions.

Benzothiophenes have long been redognized.as~major constituents of

heavier fractions. The first isolafed and identified member of.this
famiiy was the parent compound, benzo[b]thiophene, I‘(i); Sub-
sequently, 22 alkylbenzo[b]thiophenes heve Been identified in a
200—250°C distillate of Wasson, Texas cr_de 0il.{2,3).  Five 7
compounds in this-group} 2~methy1-"(II),3-methyl- (111), 2,3—di-'
methyl-, 2, 4—dimethy1- and 2 7—dimethy1—;benzo[b]thiophene, comprise -
over 80% of the benzothlophenes present in the 200 250°C dlstlllate
fractlon.

Little guantitative information is available'cdncerning
the behavior ef'this type of'fusediz-ring heterocyclic:sulfur
molecule’undet'hydrogenativé proceésiné-conditiens k4). It has

been reported ‘that the‘hydrogenolysiS'of'benzothiophene I with

'Raney nickel (2,5), palladium on alumlna (6, 7). molybdenum disulfide

(8 9), and cobalt molybdena (10 11) gives ethylbenzene and ethyl-

cyclohexane, or a mixture of these.two compounds. Over molybdenum

. disulfide in the'iiquid phase, I is converted 'in 2 heurs at 425°C
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and 41 atmospheres to ethylbenzene.in 90% yieid.(9) while at 340°C
and 100 atmospheres, a lower temperature and higher pressﬁre, I
reacts just as easily (93% conversion) to give ethylbenzene in

80% yield and ethylcycloﬁexane in 8% yield (8). CoEalt molybdena
is equally as effective, giving 91% sulfur free pfoduct in 8 hours
at 400°C and 1 atmosphere (10,11). In contrast, almost no informa-
tion is available on the hydrqgenolysis of alkyl benzd[b]thiophenes.
Likewise, little is known on the meéhanism of this reaction.
Cawley.conjectUred some years ago in comments to the work of Hoog,
et, al. (1llb) that 2,3—dihydrobenzo[b]thiéphene(IV)is an intermediate
in this reaction (12). There is as yet still no evidence regarding
this supposition.

Evidence regarding the relative ease with which thiophéne
and benzo{b}thiophene desulfurize is contradictory. Landa and
Mrnkova (8) found I was more easily desulfurized than thiophene.
Yamada (9),_oh the other hand, found the opposite, while Papadopoulos
and Wilson (10) found their reactivity nearly equivalent.

The lack qf information on the chemical behavior of these
important petroleum constituents has‘led us to an examination of the
hydrogenolysis of benzo[b]thiophenes over a commercially available
cobalt molybdena catalyst. The various benzothiophenes examined
here are clearly representative of those found in petroleum since
all‘we;e identified in Wassop, Texas, crude oil (2). 1In addition,
various'possible intermediates have been examined under the same
conditions to further elucidate the sequence of stéps involved in

desulfurization.

[
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EXPERIMENTAL

'All melting points were obtained on a Fishér-thns

“melting point block. The infrared spectra were determined with

a Perkin-Elmer Model 337 grating Qpectrophotometer'as either neat
liquids or suspensions in potassium bromide pellets. -The NMR spectra
were determined on'a Varian Model A-60 NMR séectrometer,'using -
tetramethylsilane as the internal.reference. The massAspectra were
obtained with a CEC Model 21-103 mass séectrometer at an ion;zing
potential of 70 eQ using’an-all glass inlet system. Gas-liquid
partition chromatography was performed with an F&M Model 810 gas
chromatograph using a 12 ft., 1/8 in. o.d. column~packéd with 20%
Carbowax 20 M on Chromosorb W. Preparative separations were done
either on this chromatograph or on a Hewlett Packard Mb&el 775
préparative gas chromatograph.

A. Materials

Catalyst. The cobalt molybdena was Harshaw'CoMo 0601

supporfed on an alumina surface (S. A. 166 mz/g. Co0, 3%; M003,
10.08). The noble metal catalysts were 0.29% Pd, 0.32% Rh and

0.60% Pt on nbnfacidic alumina compositions (13). The catalysts

~were ground to 8/14 mesh particles and p:etreéted in hyérogen at

500-550°C for three hours '‘immediately prior-té use.

Bénzo[bjthiophenes.' 3-Methylbenzo[b]thiopﬂene was prepared

by the method of Werner (14) and Banfield (15). :l—Phenylmercapto-_'

propanone-2 was prepared from thiophenol and l-chloro-2-propanone

and cyclized to 3-methylbenzo[b]thiophene; ng°‘1.6237 [Lit. (16)

ngo 1.6252]; Mw(MS) 148: sulfone, mp 140° (Lit. (14) 146-146.5°].
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The following compounds were also prepared by the above

method: 2,3-dimethylbenzo[b]thiophene, ngo
n2% 1.6170) Mw(MS) 162; 2,3;7-trimethylbenzo[b]thiophene, mp 50

1.6071 (Lit. (14)

(Lit. (14) mp 51-2°) Mw(MS) 176: sulfone, mp 192° (Lit. (14) 190-
191°); 3,7-dimethylbenzo([b]thiophene, bp1 0 92°, ngo 1.6069 (Lit.
15 -

(15) bpy, 122-4, nj

1.6090) Mw(MS) 162.
2-Methylbenzo[b] thiophene was produced from (o-carboxyl-
phenylmercapto) propionic acid [mp 196° (Lit. (17) mp 193-195°)]
-by the method of Hansch and Lindwall (18), mp 40° (Lit. (20), mp
§1—52), Mw(MS) 148: sulfone, mp 107° (Lit. (20) 108.5-110°).
- 7-Methylbenzo [b]thiophene was synthesized by the method of

D
110-115°. 2,7-Dimethylbenzo{b]thiophene was prepared in a similar

sunthankar and Tilak (21); bp,  56°, na0 1.6110 (Lit. (21) bp,,

fashion bp, 5 66-67° (Lit. (20) bp;; 132-136°) n2® 1.6054, mw(Ms) 162.

2,3-Dihydrokenzo{blthiophene. Oxidation of benzolb]thiophene

with hydrogen peroxide and acetic acid gave benzol[b]thiophene 1,1~
dioxide, mp 139° (Lit. (22) 142-3°) that was hydrogenated over 1.0%

Pd on carbon in ethanol to give 2,3-dihydrobenzo[blthiophene 1,1-
dioxide, mp 91° (Lit. (23) mp 91-92°). This was treated with lithium

aluminum hydride in ether to give 2,3-dihydrobenzo(b]thiophene (24),

25

bpg 94-96°. (Lit. (25) bpg 93°); ny 1.6195 (Lit. (25) ng” 1.6195);

D
infrared is identical with earlier data (25).

2,3-Dihydro-2,3,7~trimethylbenzo[b] thiophene

2,3,7-Trimethylbenzo[b] thiophene l-dioxide in ethanol was
reduced over 10% palladium on charcoal at 120°C and 750 psié hydrogen.
The solvent was removed énd the resulting material chromatographed
over silica gel. Non-sulfone contaminants were removed with benzene

and the product was then eluted with 50% benzene - 50% methanol.

p—



ST e e ——

- 139_

This material was treated with lithium aluminum hydride_in tetra-

hydrofuran for 1.5 hours. The deoxygenated product was separated
by chromatography on silica gel. Two major products were iso;ated
by preparative gas liquid chromatography consistent with threo- and

erxthro—2,34dihydro—2,3,7-trimethylbenzo[b]thio?hene.

First product: Mw(MS) }78; NMR § Z—CH3 & 3-CH, = 1.1-1.7
ppm (6), § 7—CH3 f 2.1-2.3 (3), &6, 4= 3.2-3.8°(1), ¢ 3-g = 2.7—?.2
(1), § H aromatic = 6.7-7.2 (3), JH2 H, = 8.0 Hz. Sulfone: mp
69-69.5°C. Integral ratios are shown in parentheses.

Second-product: Mw (MS) 178; NMR é 2—Cﬁ3 and 3—CH3 = 1.0—;.4
ppm (6), 57_CH3 = 3.0-3.6 (3), &, ., =3.2-3.8 (1), 6, , =3.6-4.2
(1), & H aromatic = 6-7-7-2 (3), JH2 H, = 6.8 Hz. (

2-Ethylthiophenol. This compound was prepared by the method

of Kwart and Evans (26). 'The oil product was dissolved in hexane and
extracted with 10% sodium hydroxide. The base soluble material after

acidification and distillation was found to be the desired product tbp

20

D 1.5660].

208° at 760 mm of 72° at 5 mm (Lit. (27) 208° at 1 atm.); n
The hexane soluble material proved to be 2-ethylphenyl
methyl sulfide, bp5 87°; n, 1.5700. Anal. Calcd. for C9H125; C,
71,00; H, 7.94; S,.21.05. Foundﬁ C, 70.74; H,'8.03: S, 20.7.
Beﬁzo[b]thiophene, /9-phénylethyl mercaptan, and ethyl
phenyl sulfide were obtained from commercial sources and required»nd

further purification.

4,5,6,7-Tetrahydrobenzo[b] thiophene was prepared by the

Clemmensen reduction of 4-keto-4,5,6,7-tetrahydrobenzo(b]thiophene;

20

bp5 75° (Lit. (28) bp3 53-58°); n '1.5555 (Lit. (29) ny 1.5572).

D

B. Apparatus, Procedure and Analysis

A continuous flow reactor system was employed. Reactants

(dilﬁted to 50% wt. in hexane) were flashed into the carrier gas and
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passed through the catalyst bed. 100 mm of the tubular reactor

length (140 mm x 22 mm) consisted of a quartz preheater maintained
at the same temperature as the catalyst bed. The reactant.flow‘was
maintained by a syringe pump. The reactor effluent was passed
through a water condensef and the 1liquid condensaté analyzed.
Product recoveries were excellent with little coke accumulation
during the reaction. Analysis of the hydrocarbon and sulfur
containing fractions was made by gas-liquid chromatography on a
Carbowax 20M supported column. Positive identification of the
‘products was accomplished by comparing retention times with authehtic
§amples and by obtaining mass spectra of samples isolated by
preparative chromatography and comparing them with known spectra.
Conversions and product distributions are based on recovered con-
densate, where detector response is uncorrected except as determined
by experimental means for I, IV and ethylbenzene where dector

response is proportional to molar ratios.

RESULTS AND DISCUSSION

Both sulfur containing and sulfur free (hydrocarbon)
products were formed in the gas phase hydrogenolysis of methyl
and polymethyl substituted benzo(b]thiophenes at 1 atmosphere
and 400°C over cobalt molybdena. Under these conditions benzo[b]-
thiophene (I) was converted to ethylbenzené and hydrogen sulfide
(Table 1). Over alumina supported noble metal catalyéts, 2,3-
dihydrobenzo[b] thiophene (IV) was also a major product. No other
species (other than those in equation 1) were observed in amounts

greater than 1% of the product mixture.
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+ PhCB CH3 + H,8 (1)

The true catalytic nature of this reaction is obvious

from two observations. First, the thermal stability of i,'and

“'presumably the other benzo[b]thiophenes, is evident from the

absence of any reaction over nonacidic alumina under like condi—
tions at 400°C. Secondly, the importance of hydrogen in this
reaction is illustrated by the lack of any reaction of I. over

cobalt molybdena in nitrogen at 400°C.

_Table 1

Hydrodesulfurization of Benzothiophene?

b o Products

Catalyst” ‘ Conversion Ethylbenzene IV. Other
Cobalt molybdenac . " 91-99 . 96, _> _— 4
Cobalt'molybdenad' none - ' - -;
Non-acidic alumina,' ‘ noﬂe - _— -
Pt on non-aciéic alumina- 24 92 :8 -
Rh on non-acidic alumina - 14 . . B4 16 -
Pd 6n non-acidic alumina 2 75 ) 25 -
A. Conditions; LHSV 0.30; H /I = 3; 400°C- samples taken after -

one hour on stream; Pretréat: ‘H2 3 Hrs. at 15 cc/min/8cc
catalyst at 500°C; I charged as “50% by weight hexane.

b. For catalyst descriptions see Experimental.

c. In another run with Ha-Hgs pretreat (25 cc/min. H ,-10cc/min.
9

HZS at 400°C) observe % conversion with same sélectivity.

d. Run made in Nz; sample taken at 0.5 hr. on stream.
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All of the catalysts we tested were reduced in hydrogen
for 3 hours at 500-550°C immediatéely before use. Since sulfiding
had no effect on this reaction. the catalysts were used in fhe oxide
state. A similar lack of any affect by sulfiding was observed by
Lipsch and Schuit (30) on the thiophene desulfurization.

At ‘a constant hydrogen-reactant ratio for-cobaiﬁ molybdena
the log conve;sion varies linearly with LHSV (Table 2). It aépears
that this reaction is not unduly complicated by diffusion problems
‘at the éonditions‘used here. " No apparent aging was observed during
these 4 hour runs over cobalt molybdena. This agrees with the
results of Kolboe who found the same absence of aging for thiophene
hydrogenolysis over cobalt molybdena (31). We also found that,
with the noble metal catalysts, conversion of I dropped rapidly

with time on stream.

Table 2

Effect of ILHSV on Benzo[b]thiophene Conversion over Cobalt Molybdena

LHSV Flow Rate of i H, Rate Ethylbenzene I
0.3 i.2 cc/hr. 8 cc/min 83 13
1.0° 4.0 - 25 63 34
2.0 V8.0 “ 50 . - : 44 54
4.0 16.0 100 18 82°

a. Catalyst, 4cc (3.31 g); 400°C; yields in mole percent.

b. Contains 2% 1IV.

A. Product Characteristics

The'product distributions from these reactants are

dependent on the number and positions of:methyl substituents, and

At . . asmb. [ RN
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become increasingly complex as the number of methyl subétituents
increase in the reactant.

1. Primary Sulfur Extrusicn

The main hydrocarbon products from this reaction arise
from simple, direct sulfur extrusion. This is illustrated in’
equation 2 below with 2—methy1benzo[b]thiophéne (I1) whichlgave

n-propylbenzene as the major hydrocarbon product (Table 3).

()

" 2. Alkyl Migration on Thiophene Ring

The major sulfur containing prcducts arise from 1,2-methyl
shifts on the thiophene ring. For example, the 3-methylbenzo[b]thio-
phene (III) produced from II arose by a simple methyl Shift from

the C-2 to the C-3 position as shown ‘in eqguation 3.

Il (3)

3. Dealkylation From Thiophene Ring

Sulfur containing products also arise from loss of

thiophene ring methyl substituents.. For example, I was formed
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Table 3

Product Distridution from Rydregenclysis of Substituted Benzothi henee®

| I
s N
Product ® R
B ooy Kool
@ _ - e v
]
R
o
3
@ . 5 5. 5. - -
[
R
1)
@/\ 9 8 [ 10 10 3
x
@/k - - s 3 [P P
T
b
@/\/ . - LI 18 10° 8 &
R
@/K/ - - - . - . %0 6t
x
X otwer - o.5(2) H2) &%) LY o.5(2) s(2) 10(k)°
non-sul fur .
@ Crarge 1 8 2 11 - 2
v
L
@:‘J R - Charge 18° 25 15w
~ CH
: 3
R
3
| - . 9 - Charge® 15 )7
8 ‘ .
H
oy ] .
| - - - - - - Charge
My
[ ) .
2 - . )
other sul fur - c201) 3 M) sy 13 (s

Conditiona: CoMy 0501 (Harshav); 400°C; K_/ventothiophene 3-5; pretreat, 3 heo. /550°C/Hy}
¥ields are uncorrected vpc dats taken er onc hour on streaz.

Mex. of 0.5% 2-ethyltolucre, no k-ethyltoluene ss deternined on s 53 Bentone 34-5% dinonyl
phthalate on chrezosord W coluan.

Trapped from vpe and analyzed by M3,

The scall zfe 92 f{atensity {2% of r/e 91) excludes significant quantity of 1sobutylbenzene
{n/e 92 18 G7% of n/e 91) mnd n-butylbenzene (nfe $2 in~— 555 of Bfe 91).

Ruzber of peaka shown in parentheses.

"Tvo of these peaxe vere trapped ty vpe. Molecuwlar weighte in one were 148 and 152 and
In the other were 152 and 1h2 (posibly dimethylindanes).

No 2,3-dilydro-2,3,7-trimethylbenzothiophenss are present.

CK
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from IT by simple dealkylation of the 2-methyl substituent as

shown in equation 4. -

3 | ] W

These.dealkylatioﬁ products were usually formed in
smallef amounts tﬁan those produced via equation 3. This, of course,
does not apply where both thiophene positions aré_occupied and the
path in equation 3 is impossible. For example, II and III foundiin
the product from 2,3-dimethylbenzo{blthiophene, as shown in equation
5, resulted from monodemethylation reactions. These were the major.
suifur products since simple 1/2-methyl'shifts were not permitted

in the reactant. -

.CH3 R
CH, - N
S YT Y ey

\'/_

(5)

4. Secondary Sulfur Extrusion

Hydrocarbon productS'resulting from simple sulfur
extrusion of rearranged and demethylated sulfur products are found
in somewhat lesser amounts than the directly fofmed:extruéion

product in equation (3). This'is illustrated by equation 6 where
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the cumene and ethylbenzene formed from II resulted from sulfur
extrusion of the methyl rearranged and dealkylated products, IIT

and I, respectively.
* @*‘“ 2
‘ e
\E/LCH .
,f, l_.‘ cen

The same explanation is applied to the formation of

* 6y

n-propylbenzene and cumene from.2,3-dimethylbenzo(b)thiophene
illustrated in equation 5.

5. Relative Inertness of Alkyl Substituents on Benzene Ring

Methyl substituents on the benzene ring of benzo([b]lthio-
phene neither rearrange nor dealkylate under the conditions used in
this study. The products are thée same aé those from non-six-ring
substituted benzo([b] thiophenes except that each product bears an
appropriately placed methyl substituént. For example, 7-methyl-
benzo[b]thiophene gave only 3-ethyltoluene (equation 7). Neither

the ortho or para isomer was produced.’ ‘The product distributions

in Table 3, where the 7-methyl and the non-six-ring substituted

benzo[b] thiophenes are compared, attest to this fact.

"CH . . . . CcH
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Applying these'relafibhships permits us to predict with’
some-cerféinty the pfbducts'from hydrogenolysis of any other ' ‘
methYl-‘or pblyméfhyl—benzo[b]thiophené.‘ Using 3, 7-dimethylbenzo(bl-
thiophene from Table 3 as an example, we found the predictions and »
results agree, namély:

1. 3—iSopr6pyl£oluene was fhe major hydrocarbon produpt

‘(compare with equation 2); o

2. 2,7-dimethylbenzo[b] thiophene and 7-methylbenzolb]-~
fhiopheﬁe were thé major sulfur containing producté
N ' :(compare with equatiéns (3) and (4) reépectively);
- 3. lesser amounts of 3-n-propyltoluene and #—ethyl‘
toluene than the major hydrocarbon produqt were formed
~ {compare with equation (5);
4. no loss.or migration of the methyl group-originally

éttached to the benzene ring of the 3,7—dimethylbenzo[5]—

thiophéne occurred.

The.same épplies to 6ther_examples'chosen'from Table ‘3.

B. Alternative Mechanisms

Although various alternative explanations may be applied
té expléin cértain products,'generé;ly on ‘close examination they
are less tenable than those alreaqy posﬁﬁlated; For example, if
_ethylbenzene, formed from II, h&d arisen via cracking of n-propyl-
benzene, toluene‘shodld have bgén an ‘even moreAabundant‘product
than it was, since such a mechanism would havé favored toluene over
efhylbenzene. Thé concentration of ethylbenzene in the product

was, in fact, 8 times gfeater than toluene. An equally unlikély
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mechanism is the formation of ethylbenzene via cumene cracking
since benzene would have been expected as the favored product.
Again, the yield of ethylbenzene was some 8 times greater than
that of benzene.

Cumene in the.product may have formed froq II through
n-propylbenzene side chain isomerization, which is known to occur
to a slight extent under these conditions. However, the presence
of III in the product from the.2-isomer (II) and the observed
similar‘relative hydrodesulfurization rates for these isomers
(see conversion data in Table 4 below) require. that at least some
of the cumene comes via the hydrodesulfurization roufe in equation
5. It seems likely that these routes occur concurrently, with the
sulfur extrusion route probably being favored. -

C. Conversion - Hydrodesulfurization: Structure Effects

Although in these cases great similarity in product types
and distributions exist, a widelrange of conversions of the |
individual benzothiophenes was observed. Conversion, was not
necessarily related tO'hyarodesulfurization. For example, of the
47% 2,3,7-trimefhylbenzothiophene that reacted (Table 4), only

16% was converted to sulfur free products.

Table 4

Conversion and Hydrodesulfurization Selectivity
of Methyl- and Polymethyl-benzo[b]thiophenes

Position (Me group) none 7 2 2,7 3 3,7 2,3 2,3,7
_Conversion®! '91-99 60 74 54 43 . 47 39 - 47
Hydrodesul furization®™2 91-99 57 66 43 32 24 15 16
Selectivity (%)P 100 95 89 80 75 51 38 34

a. Reported as'percent reactant (1) converted and (2) desulfurized,
b. Hydroﬁesulfurization/conversion x 100,
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Severai characteristics are readiiy‘appareut on examiniug
these data;v Generally an increase in the number of-artéohed{methyi:
groups deereased both conversion and hydrodesulfurizetiou selectiuity,
Secondly, the presence of methyl substituents ou the thiophene ring -
positions markedly lowered the Wydrodesulfurization activity.
Thlrdly, a 3-methy1 group caused. a larger decrease ‘in hydrodesul—
furization select1v1ty than a 2—methy1 substltuent. An.aromatlc
methyl substituent had a consistent but less pronounoedteffect;'
Therefore, the hydrodesulfurization selectiviéy-sequeuce fol;o&su
the order: 7-CHy » 2-CH3)33-CH3.  The cohsistenr effect of
‘én aromatic methyl group on'fhe.hydrodesulfurization selectivity
is shown by comparing the followithhydrodesulfurizarion yieids:'

Benzo[b] thlophene "> 7-CH

3
2-CH3 ' >2 7-(CH )y
3-CH, 4 >3.7-(CH3)2

We found that the'hydrodesulfurization selectivity of the 2,3,7-

trlmethyl derivative is about the same as that of 2 3-d1methy1—

'benzo[b]thlophene.

D. Unidentified Products

The'2,3fdimethy1 compounds yielded more hydrocarbon and
sulfur containing products than any'of_the otber reactants examinedi-
(see Table 3). They also gave more unidentified products than any

of .the other reactants.” If simple 1,2-methyl shiftsAwere the sole

- mechanism by which rearrangement products arose,. then the'abundance'

of other unidentified maﬁerials eppears inconsistent with the.rather

'Iimited'number of conceivable products that could form.‘ The
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multiplicity of unidentified products may result from a ring
expansion mechanism such as the one shown below involving
- thiachromene type intermediates.- Products such as. ethylbenzo([b)~-

thiophenes and thiachromenes could originate by this mechanism.

o . A e : . CH,
CH, — 2 . & B
O O G
. ) \S \CH3 . ~CHj HZ
. - \% _
S ' U | .~ CH.,CH
N O et

The multiplicity of unidentified hydrocarbon products

from these 2,3-dimethyl substituted benzo[b}thiophenes appears to

parallel the unidentified.sulfur containing products in the same

way that most of the hydrocarbon products are related to sulfur
containing products for substrates having up to one thiophene
- methyl substituent.

E. Intermediates

1. Dihydrobenzo[b]thiophenes

Evidence of dihydrobenzolblthiophenes in thése reactions
at 400°C and one atmosphere pressure can be fbund both at low
temperatures and at very high flow-rates. At 400°C and 0.3 LHSV.
the noble metal catalysts gave 2,3~dihydrobenzo(b]}thiophene (IV)

in rather low yield while cobalt molybdena gave none. Only at

e . At

D
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higher space velocities' (4 hr;_l) did‘any‘IV appear, and then in
only 2% yiela (Table 2). At 300°C over cobalt molybdena the amount
of IV in theAproduct was equal to the ethylbenzene formed. No other
products were present (Table 5). Therefote, the presence of IV in .
the product mixtures is consistent with it being an intermediete

in this reaction.

Table 5

Hydrodesul furization at Lower Temperature over Cobalt Molybdehaa

Reactantb Temb. PhCHzgg3 vV Iv_ TL PhCHZQEQSH
' I 300 10 -~ 9 80 -
v 290 8~ -- 74 18 . ~--
2-CH,CH,PhSH kV)' 290 94 5 0.1 1 --
| PRCH,CH,SH (VI) 300  91° - oo __ 9

a. H2/HC = 3-5/1; LHSV = 2.4,
b. Reactants charged.as 25% by weight in hexane.

c. 'Includes 6% styrene in the product. -

We also observed the dihydro intermediate‘from the
trimethyl substrate. When 2,3,7—trimethy1benio[b]tﬁiophene was
pessed over oobelt'molybdena at 290°C only about 1% conversion was
observed. In addition to 3- sec—butyltoluene, two other peaks
1dent1ca1 with- the retention tlmes of erxthro— and threo- 2,3-
dlhydro—z,3,7—tr1methylbenzo[b1thlophene_were found. These two

isomers shown below were prepared separately by the method described

' erythro
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in the experimental section and:aré, ét preseot, indistinguishable
as to stereochemistfy. -

When 1% of 2, 3 dlmethylbenzo[b]thlophene was converted in
the same way as noted above, sec-butylbenzene was found along with
two peaks in the chromatograph not"detected in,the 400fC run. The
retention times of these 2 peaks were similar'to those,obseEVed
above for the 2,3—dihydro-2,3,7-trimethylbenzo[B]thiopheneé, thch
suggeéts the presence of erxthro— and 3259272,3-dihydro-2}34dimethyl-
‘benzo[b] thiophene. We have not, however, cohpared ﬁhése retehtioo
times with authentic samples. »

| When 1V wés passed over cobalﬁ molybdena undor'the
conditions of this reaction, I and ethylbenzone were theé only main
producté. The product distributions from I (Table 1) and IV

(Table 6) were almost identical at 400°C and 0.3 LHSV. Even at

Table 6

Hydrodesulfurization of 2,3- Dihydrobenzo[b]thiophene (1v)?

Product Distribution

Catalyst v I Ethylbenzene Other
Cobalt molybdate 2 1 95 2
Cobalt molybdateP 18 89 2
Cobalt molybdate€ 2 68 30 -

- Non-acidic Alumina® 95 5 --.-" | -—
Pt on non-acidic alumina® 27 61 12 -
Rh on non-acidic alumina® 24 66 10 | -

. Chromia~alumina® 32 58 | -10 .. —-
a. Conditions 400°C; LHSV 0.30; H, /II = 4} samples tdken

after one hour on stream; IV is"charged as a 50% (by welght)
mixture in hexane.
b. 350°C.

€. No carrier gas.

PrUC U -

S B i
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l‘vv300°C the conversions of I and IV and the yield of desulfurized
product weré about the same (Table 5). We did observe some
departure fr§m apparent equilibrium at 400°C and 4 LHSV where thev
distributions from reactiéns of I and IV differed somewhat (Table 7);'
Since IV is itself a source of hydrogen the diffgrent.paftial‘pressures
of hydrogen in these two reactions could affect the product distri-
bution, although such a large increase in desulfurized produc£
(18 to 40%) would not be expected. Without a large‘excess of

hydrogen a constant ratio of I and IV cannot be anticipated.’

.

Table 7

Comparison of the Hydrodesulfurization of
I and IV over Cobalt Molybdena?@

Charge (% wt) 50% in Hexane Reactant Composition
I _ IV ) PhCH2§1{_3 I v

100 ' - 18 80 -2

50 50 22 70 8

- 100 40 56 3
a. Liquid flow rate: 4 cc/hr., HZ' 25 cc/min; 400°C; LHSV 4.

At 400°C IV will dehydrogghaté to the extent of 5% over
alumina. Addition of Pt'or Rh increases the reaction of IV to 73
and 76%, réspectively (Table 6). Although desulfurizatidn was
:Small it wag similar to that observed for i over these same
catalysts. .

‘Therefére, it appears that equilibrium occurs rapidly
between I and IV (as depiétedﬁin eq. 8). 'The desulfurization

reaction that gives ethylbenzene is a slow step that drains this
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equilibrium state in a non-reversible manner. Since both I and

IV form ethylbenzene at comparable rates, to exclude either as a ;

_ 2
+ H e m——
2 g H (8)
s s 2
I IV
[
CH,CH, + H,S g

source of desulfurized product is not possible by our data. If we

aséume for the present that IV is the source of ethylbenzene, p
desulfurization may be a multistep process involving first a

cleavage of one carbon-sulfur bond to give a discrete mercaptan
intermediate followed by a second carbon-sulfur bond cleaQage,to ‘
give hydrocarbon produét and HZS’ Alternatively, sulfur may be

lost in a one step process involving a synchronous breaking of two
carbon-sulfur bonds giving rise to hydrocarbon product directly

without involving mercaptan intermediates.

2. 2-Ethylthiophenol ' ' o r

A stepwise carbon-sulfur bond cleavage in IV could result ,
in 2-ethylthiophenol (V) (eq. 3) if the bond between C2 and S were

broken as shown in eq. 9.

CH2 3.

—CH
> ‘ _ (9)

H
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Suéh an intermediate has never been detected in our product mix-
tures. When V was passed ovef cobalt molybdena in hydroéen at
290°C, 94%.was converted to ethylbenzene and 1%:to I‘(Table 5).
Since under 'similar conditions thiophenol is alsb completely con-.
verted to benzene, it appears that the réte of'desulfuriiation

of aryl mercaptans, in particular V, is about 30 times faster than
that of I * excludeé any likely possibiiity of fiﬁding them in the
product mixture. The presence of 1%‘of I in the produdt'can be
explained by the geversibility of eq. 9 as is weli known (27l325.

The reverse reaction in hydrogen apparently is not favored at

~ 400°C.

3. p-Phenylethyl mercaptan

Cleavage of the other carbon-sulfur bond is also possible
(eq. 10). /?-Phenylethyl mercaptan (VI)might be a likely inter-

mediate although, again, it could not be detected. At 300°C in

CHzCstH

(10)
v VI

hydrogen it forms ethylbenzene and styrene in greater than 90%
yield without any trace of I or IV. VI éﬁpears:to react at about
the same rate as V which is 30 times faster than either that of

I or IV.* Since alkyl mercaptans are so easily desulfurized, even

*This can be deduced from the data in Table 5,
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in the absence of hydrogen, it is highly unlikely that VI can be
found. 1Indeed, it mustibe at most only a very short-lived intef-
mediate,

‘ The reversibility of this reaction (eq. 10) at either
300° or 400°C is not likely, although under suitable conditions
(600°C) I can be formed (33,34). _On ekamining the reaction some-
what further, it appears that even aluminé will catalyze its
decomposition, giving styrene primarily. In the presence of a
hydrogeﬁation function, however, ethglbenzene is the main prodﬁct

(Table 8). A solid (mp 133-135°C) was observed from the reaction

Table 8

ALPhenylethyl Mercaptan (VI) Hydrogenolysisa

Catalyst - Gas Styrene Ethylbenzene

A1203 C H2, 84 14
Pt/A1203 H2 1 96
Pt/Al,0, N, 22 74
CoMo H2 - 100

a. 400°C; LHSV 0.30; Conversion 100%; non-acidic
alumina(1l3)was used.

in hydrogen over alumina. Its mass spectrum had a parent ion that

was also the base peak at m/e'236. This is suggestive of diphenyl-

thiophene isolated previously in similar systems (33).

OTHER INTERMEDIATES

There are other alternative routes besides those that
arise by initial carbon-sulfur bond cleavage. We have examined

the possibility of an initial C-C cleavage. If dihydro III were
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fragmented as shown here, ‘methyl 2-ethylphenyl sulfide would be

forméd (eq. 11). 1In o;der for this sulfide to fit the product

’ : CcH '
' CH,CH 3
- CHCH
Hy . 3
~ §-CH, _ o

l - N (11)

CHZCH3

dihydro-III

distribution, it must desulfurize to give cumene. Under these
copditiéns 2-ethylphenyl methyl sulfide gave no cumene. The only

products found were a small amount of I and ethylbenzene (Table 9).

. Over Pt/A1203 somewhat more I was formed, but no cumene. This

rules out the possibility of an important C,—C3 bond—bfeaking sequence. .

. .Table 9

[:::I: Hydrogenation of Alkyl Aryl Sulfides at 400°C
. . S-R' . . . . - . .
o ' ‘ : ___Products

R R'" Catalyst Gas Conv.  Benzene. PhCH.CH, _I
_H CpHg Pt/Al1,0, H, 99a 99 - -
~H CyHg AL 0, N, . 41b - -~ -—
C,H. CH CaMo H 1007 - g9 -
2”5 3 ) 2 b . -
CZFS CH3 Pt/A1293 - H2 99 . - 89 8

a. Thiophenoi”was the only product.

b. No 2-ethylthiophenol, cumene or III was
detected. .. - :
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The possibility of cleavage of the Caryl - Calkyl.

bond (eq. 12) was also eliminated since ethyl phenyl sulfide

/

)\ ,.———;l,)

s~ Hy §~CH,-CH, CH,CH,

v . : .
\V4 : o ' : (12)

reacts in hydrogen over‘Pt;./AlZO3 (Table 9) to give benzene in 99%
yield. No ethylbenzene was detected, nor were I and'iv found.
Presumably cobalt molybdena would act similarly. Since neither
ethyl phenyl sulfide or 2-ethylphenyl methyl sulfide gives products
consistent with those observed from the respective benzo[b]thio—b
phenes, C-C bond cleavage is apparently unimportant in these reactions.
Other partially hydrogenated étructures besides.IV are
also possible intermediates. Complete or partial hydrogenation of
the aromatic ring system to destroy the resonance stabilization of
‘the ring system has been proposed before desulfurization reactions
(11). Hydrodenitrogenation reactions are also thought to procéed by
this route (35,36).V Therefore, 4,5,6,7-tetrahydrobenzothiophene
(VII), a partially hydrogenated benzothiophene and thﬁs a possible

intermediate, was examined under these conditions at 400°C over

A .

o Y R
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cobalt molybdena. It reacted almost completely, giving I, IV and
ethylbenzene (Table 8) which is consistent with the products from
I. However, even in the absence of hydrogen, VII was converted

easily, although not without a hydrogenation function present. At

Table 10

Reaction of 4,5,6,7-Tetrahydrobenzothiophene (VII)

Catalyst Temp. °C Conv, PhCHzgﬂ3 I Iv Other
Cobalt molybdenaa 400° 92 36 58 3
Cobalt molybdena® 290° 12 22 3 9 (63% other
U c . hydrogenated
non-acidic alumina” 4Q00° 0 material)
Cobalt molybdena® 400° 100 30 67 --

a.. LHSV 4.0; H2/HC = 4; 50% VII in hexane
b. LHSV 2.4; HZ/HC = 4; 25% VII in hexane
c. LHSV 0.30; N, as carrier gas; 50% VII in hexane

d. LHSV 0.30;,

2
N2 as carrier gas NZ/HC = 4, toluene and IV less
IaS
than 1%. 5 :

02 VII in hexane

290°C, however, VII was only 12% converted, 63% being hydrogenated
materials not previously observed from I or IV. The behavior

at low temperature precludes any possibility of VII being an
intermediate in this reaction.

Thérgfore, in summary our results show that desulfuriza-
tion may occur by a sequence involving cleavage of one C-S bond to
give a mercaptan, followed by éleavage of the second bond to give
ethylbenzene. The relative ease of hydrogenolysis of the C-S bonds

of either the aryl mercaptans or alkyl mercaptans appears to be about

the same under these conditions. In the absence of hydrogen,
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however, the alkyl carbon-sulfur'bond is broken preferentially
since ethyl phenyl sulfide over alumina in N, gives phenyl mer-
captan in 40% yield as the only product (Table 9)..'Our data can
only conclude that if a stepwise process does occur, then carbon-

sulfur bond cleavage would not be selective.

CONCLUSIONS
1. The products from hydrodesulfurization of methyl-

‘substituted benzo[b]thiophenes at atmospheric pressure and 400°C
stem from certain common paths, as pointed out and schematically
illustrated for 3,7-dimethylbenzo[b]thiophene beiow.

A. Direct sulfur extrusion from the primary reactant.

B. Alkyl group migratiom on the thiophene ring.

C. Dealk?lation from £he thiophene ring.

D. Sulfur extrusion from rearranged or demethylated

secondary products.
E. Relative inertness of benzene ring methyl groups

to dealkylation or migration.

- 4

25

o

o LY = QL
N s : s
B
|
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2. Conversions, product dist:ibutibn andﬁhydrodesﬁifurizatiqn'
selectivities were highly'dependenﬁ'upon;thefnumber‘and“ﬁositions
of the methyl groﬁps. The greaterjthe‘number’ofimeghyl groupsy
the lower the conversion.. Thiophene methyl’ groups: lower the con-
version and hydrodesulfhfization:selectfvitfes:mdre~thén.é-methyl
substituentAoﬁ the benzene ring.. . - , |

3. Dihydrobenzo[blthiophenesrappear‘to:be'intermediateseiﬁ
these reactions. Their detectien under: certain reactiohzcondiﬁiens
and their behavior underjsimiler reaction condiﬁionS'supports this
cenclusion.. . .

' 4.'(The desulfurization.step,invelves:C%SEBdhd breaking. No
ev1dence was found for C-C. bond breaklng. - |

~S

5. Aromatic ring saturation. is: not necessary. before C aryl’

bond breaking occurs..
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