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Introduction
The United States may soon be focusing national attention on

processes and activities that mitigate the release of CO2 to the
atmosphere and, in some cases, may remove CO2 from the
atmosphere.  As we invest national resources to these ends, it is
important to evaluate options and invest wisely.  How can we apply
consistent standards to evaluate and compare various CO2
sequestration technologies?  A standard methodology that considers
all the carbon impacts is needed.  This would be useful for policy
makers to understand the range of options and for technology
developers and investors to guide investment decisions.  It would
also serve as a source of information for calculations or estimations
of carbon credits in a future credit trading system.

The performance objective for a sequestration technology is not
necessarily zero emission of CO2 but rather a reduction compared
with the baseline of current practice.  To make sure that all carbon
aspects are considered, care must be taken to ensure that there are no
hidden emissions when making an alteration from the baseline.  The
fundamental question underlying an analysis of merit of a process or
alteration of a process is as follows:

How much CO2 is generated as a result of the sequestration
process, and what is the sequestered carbon’s ultimate fate?

Both inputs and outputs must be considered to obtain a total
picture.  When we speak of carbon sequestration in this manuscript,
we refer to all greenhouse gas sequestration measured in carbon
dioxide or carbon equivalence (CE).  The carbon dioxide equivalence
is also called the Global Warming Potential (GWP).  A complete list
of GWP values has been prepared by IPCC.1

To address our objective, we have developed and elaborated on
the following concepts:
•   All resources used in a sequestration activity should be reviewed
by estimating the amount of greenhouse gas emissions for which they
historically are responsible.  We have done this by introducing a
quantifier we term Full-Cycle Carbon Emissions (FCCE), which is
tied to the resource or product.2

•   The future fate of sequestered carbon should be included in
technology evaluations.  We have addressed this by introducing a
variable called Time-Adjusted Value of Carbon Sequestration
(TVCS) to weigh potential future releases of carbon, escaping the
sequestered form.
•   The Figure of Merit of a sequestration technology should address
the entire life cycle of an activity.  The figures of merit we have
developed relate the investment made (carbon release during the
construction phase) to the lifetime sequestration capacity of the
activity.2  To account for carbon flows that occur during different
times of an activity, we incorporate the Time Value of Carbon Flows.

In this short preprint we limit ourselves to discussing the
development of TVCS and how it relates to FCCE.

Results
Future carbon emissions occurring from sequestered carbon

should be considered when evaluating different sequestration

approaches.  To determine the FCCEs for streams that will cause
carbon emissions in the future, we introduce the Time-Adjusted
Value of Carbon Sequestration (TVCS).  One way to estimate this
value is to employ our global climate models to predict changes in
atmospheric CO2 levels as a result of sequestration and future release
from sequestered carbon.  This would be a labor-intensive task.
Moreover, if an individual sequestration effort is moderate, it will be
considered merely as noise in existing global models.  We propose
another approach—to start by defining a sequestration duration goal
that will serve as a metric for future reference.  For example, we may
chose to use 200 years as our goal for sequestration.  In this scenario,
if we sequester 2 megatons of carbon (2 MtC = 7.4 Mt of CO2) today
and are able to keep it sequestered for at least 200 years, we should
receive full value (100%) for the activity.  If we have partial or full
release in less than 200 years, we are not doing as well and the value
is less.  The question is this: how do we evaluate different carbon
release profiles and determine their proper values?

Consider the graphs in Figure 1a–1d, in which several value
curves have been constructed based on the instantaneous release of 2
Mt of sequestered carbon sometime in the future.  We will later
consider partial release over time.  Figure 1a shows a scenario that
does not give any value (or credit) to a sequestration of less than 200
years.  Figure 1b takes a more gradual approach by applying a
straight-line model.  Here, if we instantaneously release all the carbon
at any time before 200 years (e.g., 150 years), we would get fractional
credit (e.g., 150/200×2=1.5 MtC).  To give proportionally more
credit to longer sequestration periods, we can construct a curve as in
Figure 1c.  Here we emphasize that there is increasingly more value
in focusing on technologies that will keep the carbon sequestered
longer, thus discouraging activities with potential quick release.  It is
clear that this third approach is very sensitive to prior knowledge
about the future release, especially for the years close to year 200.
To counter this, we may choose to use a fourth approach (Figure 1d)
which suggests that we should consider short-term solutions
favorably while recognizing that future predictions are hard to make.
In all the cases, we have chosen to give full credit, or value, to
sequestration past 200 years (or whatever metric we select as a goal).

It should be pointed out that all the curves drawn in Figure 1
were constructed using the same basic equation, namely (for y ≤ Y )
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where i is the penalty interest rate, y is the number of years
sequestered, and Y is the sequestration goal (expressed in years).
This equation is of the same type as interest rate functions but has
been normalized by the expression in the denominator so that the
function takes a value of 1 (one) when y = Y.  The different curve
shapes constructed in Figure 1 were obtained by changing the penalty
interest rate from 500% to 0.01% to 3% to –3% for Figure 1a, 1b, 1c,
and 1d, respectively.  We propose the following abbreviated
expression for the modifier:

),,( YyiTVCSRV ×=  , (2)
where V is the value of carbon sequestration and R is the amount of
carbon released.

The preceding example showed how to penalize (or discount)
the maximum sequestration value for discrete releases of the
sequestered carbon; however, it is more likely that future carbon
release from an activity is predicted via a mathematical expression
(e.g., a half-life constant).  In this case, Equation 2 is modified to
yield the time-integrated value,
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where SC is the net amount of carbon initially sequestered and R(y) is
the release profile.  The carbon release profile could, for example, be
from the use of slowly decomposing ammonium carbonate fertilizer.
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Figure 1. Several potential profiles for calculation of the time value
of carbon sequestration.

We have discussed the future release of carbon from a
sequestration activity.  We should also consider that energy and
materials might be needed in the future for “maintenance” to retain
the carbon in its sequestered form.  Intuitively, we can say that the
use of energy and materials in the future should be limited.  Because
we expect that their use generate CO2, we need to incorporate this
knowledge in the value of sequestration.  To keep with the approach
that we have taken concerning TVCS, we would value delayed use of
energy more than early use.  The easiest way to visualize this it to
realize that any maintenance in the future will generate CO2, and this
amount must be added to that potentially released from the
sequestered carbon.  Thus, R in Equations 2 and 3 represent the total
CO2 (or CE) released in the future, whether from captured CO2 itself
or from any CO2-generating activity associated with the captured
carbon.  Incorporating maintenance activities into the projected
scenario creates a situation that would cause some sequestration
technologies to have a negative value, indicating a poor carbon
management strategy.

The FCCE of the sequestered carbon stream is the amount of
carbon equivalents of future emissions related to this stream.  In
introducing the TVCS, we have acknowledged that emissions may
occur in the future from the sequestered carbon and we have also
incorporated a projected value to address future releases.  Thus, the
time-adjusted FCCE is the right-hand part of the expression in
Equation 3,
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Conclusions
Our objective was to develop a general methodology for

evaluation of carbon sequestration technologies.  We wanted to
provide a method that was quantitative but also structured to give
robust qualitative comparisons despite changes in detailed method
parameters—that is, it does not matter what “grade” a sequestration
technology gets, but a “better” technology should always achieve a
higher score.  We think that the methodology we have begun to
develop provides this capability.
•   This is a methodology that will assist in evaluation and comparison
of well-defined sequestration activities.
•   This is a methodology that should be used to address long-term
merit prior to engaging in an activity.
•   This is a methodology that treats a sequestration activity as an
engineering process of which we have knowledge and control.
•   This is a methodology that addresses carbon sequestration in life-
cycle terms.
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Introduction 
 The success of CO2 sequestration by deep injection in 
geologic formations is dependent on the seals and aquitards being able 
to confine the large amount of fluid injected under overpressured 
conditions. The possibility for relatively rapid vertical transport of a 
buoyant phase increases with overpressuring of a reservoir during the 
injection process. The Rangely, Colorado field has been undergoing 
large-scale CO2 injection since 1986 for purposes of enhanced oil 
recovery (EOR). Cumulative CO2 injection has been 27.4 billion cubic 
meters (BCM), of which 11.3 BCM is new, the remainder being 
recycled gas from production wells. 
 This report is on methods to detect diffuse surface leakage 
of gases at the surface. A protocol for the detection of a deep source of 
gases in the presence of a large amount of surface and near-surface 
biological production of gases requires a thorough understanding of 
the noise being generated in the shallow parts of the system and 
processes influencing soil gas exchange with the atmosphere. 
 
Experimental 
 Measurements of CO2, CH4 and light alkanes at 30-, 60-, 
and 100 cm in soil gas, and as fluxes into the atmosphere were made in 
the winter of 2000-01 and summer of 2001, and will continue in the 
winter of 2001-02. The measurements were at 67 locations over the 
Rangely field, a background area, and a major fault adjacent to the 
field. The measurements of CO2 concentrations for flux calculations 
were made at each location by field infrared spectroscopy on 
circulating air from under three closed 1.00 m2 flux chambers set 10 
m apart. Methane from under the flux chambers and soil gas CH4, CO2, 
and light alkanes were analyzed by laboratory gas chromatography. 
Stable carbon isotope ratios were measured in CO2 from soil gas and 
flux chamber samples by isotope ratio mass spectrometry. 
 Additional measurements were made of soil moisture and 
temperature, air temperature and barometric pressure, gas permeability 
of soils and subsoils, stable carbon isotope ratios of various solid and 
gaseous samples. Five "deep" holes were augered for nested sampling 
of gases at depths of 1-, 2-, 3-, 5-, and total depth, which ranged from 
seven to nine meters. 
 
Results and Discussion 
 The summer fluxes of CO2 from the soil to the atmosphere 
had a median of 3.8 g CO2 m-2 day-1 and CH4 fluxes had a median of 
0.46 mg m-2 day-1, with soil microbiological production/consumption 
dominating as indicated by stable isotopes. The preliminary winter 
measurements in 2000/2001 averaged 0.2 g CO2 m-2 day-1 and 0.1 mg 
CH4 m-2 day-1, respectively. These data are summarized in Table 1 
where means are shown, and also medians for highly skewed data. 
 Seasonal variation in both CO2 and CH4 fluxes, and in 
shallow soil gas samples was the largest source of variation. Summer 
CO2 fluxes were at least a factor of ten greater than winter fluxes at 

Rangely, due to rise and fall of root respiration and soil 
microbiological activity. Methane fluxes were largely influenced by 
rise and fall of methanotrophic activity, which can consume CH4 from 
a subsurface source, and/or from the atmosphere, which then results in 
negative (downward) fluxes. 
 Soil gas CO2 concentrations vary by about a factor of three 
from summer to winter. Soil gas CH4 showed little variation from 
atmospheric concentration, except in a few locations. The stable 
carbon isotopic data exhibited slight negative values during the winter, 
suggesting a small, but dominating biological influence on soil CO2. 
The atmospheric influence was reduced in the winter of 2000/01 
because the soils had some snow cover, and were frozen to at least 30 
cm depth. The summer stable carbon isotope data were very close to 
atmospheric ratios, suggesting an effective exchange with the 
atmosphere through dry, porous soils. 
 Two of three "deep" holes over the Rangely field had high 
CH4 and alkane concentrations suggesting a deep source of these 
gases. One of the holes over the field, the single hole over background 
and the single hole over the Mellen Hill Fault indicated 
methanotrophic activity consuming atmospheric CH4. 
 Short-term noise related to precipitation events, time-of-day 
measurements, and barometric variation also occurred. In a dry 
climate, a precipitation event will cause a burst in soil microbiological 
activity, increasing flux, and shifting stable carbon and oxygen 
isotopic ratios to more negative values. Barometric gradients exert a 
significant influence on flux magnitude, resulting in an increased 
upward flux with falling pressure. 
 Table 2 illustrates parameters where significant differences 
were found among the on-field, background, and fault locations for the 
summer of 2001. 
Conclusions 
 Some evidence of a small magnitude deep source was 
indicated at Rangely by stable isotopes, and supported by the presence 
of light alkanes in shallow soil gas over the field, and their absence in 
a background area of similar surface geology, soils, and climate. 
Detection of a low intensity, deep diffuse signal requires special care 
in selection of the parameters to be measured. Faults may serve as 
conduits for leakage and should also be monitored. The best time for 
making flux and soil gas measurements will be under winter 
conditions, when soil respiration and microbiological activity is at a 
minimum, possibly allowing a deep-source signal to be detected.  
 Acknowledgement. Financial support provided by 
Department of Energy, under the "Climate Change Technology 
Initiative," Grant DE-FG03-00ER15090 to the Colorado School of 
Mines. 
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Table 1. Summary of Seasonal Variations in Key Parameters. 
    Winter 2000/01  Summer 2001 
                                  Mean (Median)     Mean (Median)   
CO2 Flux (g m-2day-1)  0.23 (0.19)  3.80 (3.02) 
CH4 Flux (mg m-2day-1)  0.10 (-0.18)  3.59 (0.46) 
 
30 cm CO2 (ppmv)   518.   1091. 
60 cm CO2 (ppmv)   621.   2043. 
100 cm CO2 (ppmv)  836.   2751. 
 
30 cm CH4 (ppmv)   1.98   32.1(2.39) 
60 cm CH4 (ppmv)   2.03   404.(2.49) 
100 cm CH4 (ppmv)  2.29.   1925.(2.61) 
 
Chamber δ13CCO2-Atm. δ13CCO2(‰) -0.67   -0.03 
 
30 cm δ13CCO2-Atm. δ13CCO2(‰) -1.92   +0.02 
60 cm δ13CCO2-Atm. δ13CCO2(‰) -1.58   +0.26 
100 cm δ13C        CO2-Atm. δ13C        CO2(‰)   -1.78                +0.23            
 
 

Table 2. Non-Parametric Two Group Median Test. 
     Background Mellen Hill 
                                    Area        Fault       
CO2 Flux     -   NA 
CH4 Flux     -  NA 
 
30 cm CO2    *  * 
60 cm CO2    -  - 
100 cm CO2    -  - 
 
30 cm δ13CCO2    -  *  Fault 
60 cm δ13CCO2    -  ** More 
100 cm δ13CCO2    *  * Negative 
 
30 cm CH4    ** On-Field - 
60 cm CH4    ** Highest -   
100 cm CH   4                         *              -         
 NA - Only two flux measurements on Mellen Hill Fault 
 - Not significant 
 * Significant at α=0.05 
 ** Significant at α=0.01 
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Introduction 

Fossil fuel and land use change have increased the atmospheric 
content of CO2 and other greenhouse gases that may be impacting 
climatic change.  Enhanced terrestrial uptake of CO2 during this 
century has been suggested as a way to reclaim the 150 or more 
gigatons of carbon (Gt C) lost to the atmosphere from vegetation and 
soil as a consequence of land use change, thus effectively “buying 
time” for development and implementation of long term technical 
solutions, such as C-free fuels (1).   However, the true potential for C 
sequestration is unknown because of inadequate understanding of 
biogeochemical, microbial and plant processes responsible for 
ecosystem storage, particularly as they influence storage in soils, 
which account for two-thirds of global terrestrial organic C stocks.  
Technical issues associated with measurement, leakage and longevity 
need resolution.  This presentation considers current understanding of 
ecosystem potential and innovative technology and addresses key 
scientific issues related to enhancing C sequestration potential through 
ecosystem management. 
 
Ecosystem Sequestration Potential 

Land use options for enhanced C sequestration at the landscape 
and regional scales include protection and selective management of 
native ecosystems, and use of appropriate and advanced management 
practices in manipulated ecosystems.  Table 1 includes estimates of 
sequestration potential for major ecosystems.  Sustained, long-term 
annual sequestration of more than 5 Gt C is speculative, of course, 
given that terrestrial systems today sequester only about half this 
amount, with the exact amount being uncertain (1). 

 
 
 
 
Table I. Sustained Terrestrial C Sequestration Potential.   
*The primary C sequestration method is rated with High (H), Medium (M), and 
Low (L) levels of sustained management intensity required over the long term. 
Global potential C sequestration (CS) rates were estimated that might be 
sustained over a period of up to 50 years (2). 
 
Sequestration Potential In Managed Ecosystems 

Enhancing terrestrial C sequestration with proven management 
practices includes converting marginal land to productive grassland or 
forest, increasing productivity on crop and forest land with residue 
management, reduced C loss with modified tillage practices, the 
efficient use of fertilizer, pesticide, and water, and other technologies.  
It is difficult to estimate global C sequestration enhancement potential 

because of inadequate baseline inventories.  However, an analysis of 
the U.S. potential for soil C sequestration can be made (Table 2).  
Based on such information, conclusions regarding C sequestration 
potential of managed systems should be applicable wherever in the 
world local land use and economic conditions are known.   
 
 
Table 2.  Annual U.S. potential for C sequestration from managed forests, 
arable lands and pastures (2). 
 
                          Average C sequestration 

      Low estimate High estimate 

                     --- Pg C / year ---- 

Forestry   
   Converting marginal crop/pasture to forest 0.033 0.119 

   Increasing timber growth on timber land 0.138 0.190 
   Growing short-rotation woody crops for energy 0.091 0.180 
   Increasing tree numbers/canopy cover in urban     
areas 

0.011 0.034 

   Planting trees in shelter belts 0.003 0.006 

   Subtotal 0.276 0.529 

Arable land   
   Cropland conversion to CRP (excluding agroforestry) 0.006 0.014 

   Soil restoration (eroded land, mine land, salt 
affected soil) 

0.011 0.025 

   Conservation tillage/residue management 0.035 0.107 
   Better cropping systems (fertilizer, cover crops, 
manure) 

0.024 0.063 

   Subtotal 0.075 0.208 

Total managed forests, arable land, pastures 0.351 0.737 

 
 
Enhanced C sequestration in managed lands aims to increase the 
productivity of crop and forestland.  In agriculture, adoption of 
conservation tillage practices is a viable mechanism that also reduces 
erosion, increases soil aggregation, and lessens loss of SOM to 
microbial oxidation (3). The C sequestration potential of the combined 
practices of no-till, mulch, and ridge tillage was estimated to be 14.1 x 
106 MT (0.014 Gt) C/yr, with associated savings in fossil fuel 
equivalent to 1.6 x 106 MT C/yr.  In addition, managing crop residues 
from these systems may sequester another 22.5 x 106 MT C/yr.  As of 
1997, 37% of all U.S. cropland was under some form of conservation 
tillage (3). 
 
The U.S. Forest Service has estimated that 85 Mha of forested land 
has the potential to increase production through regeneration and 
stocking control.  For an economic constraint of  4% annual return on 
investment, much of this area could sequester 0.138 Gt C/yr under 
appropriate management.  If all timberlands were managed for C 
sequestration, the potential might increase to 0.19 Gt C/yr.  Another 
strategy for sequestrating C is the conversion or reallocation of 
agricultural land to woody crops.  Wright et al. (4) estimated that 
between 14-and-28 Mha of cropland are suitable for woody biomass 
species with a  sequestration potential of between 0.09 to 0.18 Gt 
C/yr. 
 
Worldwide, temperate grasslands may also be significant.  To enhance 
production and sequestration, it is necessary to manage these lands 
more closely, with one option being N fertilization.  However, 
grasslands have an inherent capacity to emit N2O, a strong greenhouse 
gas.  Thus, a comprehensive accounting that includes all greenhouse 
gas emissions and the C cost of fertilizer production and application is 
needed to evaluate net sequestration benefits. 
 
Degraded lands also represent some potential for C sequestration.  
Worldwide, there are approximately 1965 x 106 ha of degraded soils; 

 Ecosystem Primary Method to Increase CS*  Potential CS (GtC/y) 

Agricultural lands Management (H)   0.85 – 0.90 

Biomass crop lands Manipulation (H) 0.5  -  0.8 

Grasslands Management (M)  0.5 

Rangelands Management (M)  1.2 

Forests Management (M)  1 - 2 

Wetlands Restoration and maintenance (M) 0.1 – 0.2 

Urban forest and grass lands Creation and maintenance (M) < 0.1 

Deserts & Degraded lands Manipulation (H)  0.8 – 1.3 

Sediments and aquatic systems Protection (L) 0.6 – 1.5 

Tundra and taiga Protection (L)  0.1 – 0.3 

TOTAL                                                                ~ 5.5 – 8.7 
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4% from physical degradation, 56% from water erosion, 28% from 
wind erosion, and 12% from chemical degradation.  With proper 
management this represents a potential to sequester between 0.81 and 
1.03 Gt C/yr.  (5). 
 
New Technology for Terrestrial Carbon Sequestration 
Science and technology that might drive enhanced terrestrial C 
sequestration includes (a) technology for soil, crop and forest 
management, (b) exploitation of underutilized land resources and 
existing biodiversity, (c) plant biotechnology, (d) microbial 
biotechnology, and (e) innovative chemical technology.  Included is 
precision agriculture applied to food crops and forestry; i.e., sensor 
technology, aerial and satellite imaging “just in time” irrigation, 
fertilization, and other, yet-to-be identified innovations. 
 
Science Needs 

There are many fundamental knowledge gaps in our 
understanding of terrestrial C sequestration needed to identify, 
develop and implement new sequestration technology.  Research 
efforts to improve basic understanding can be addressed in the context 
of a primary set of overarching questions in need of resolution:  
• How can we best reduce the large uncertainties in global 

terrestrial C inventories? 
• Are native ecosystem C sequestration capacities equivalent to 

their maximum carrying capacities?  
• Is historic storage capacity of terrestrial systems equivalent to 

maximum inherent capacity?   
• What will be the effects of climate change? 
• How can ancillary benefits and risks of enhanced C sequestration  

be adequately quantified? 
• What is the potential for plant and microbial biology in the post-

genome era to impact C sequestration? 
 
 
Summary 
        Storage of C in soils and plants has the potential to offset CO2 
emissions to the atmosphere in the coming decades while new “clean” 
energy production and CO2 sequestration technologies are developed 
and deployed.  Because they are economically important, have a rich 
history of directed research and can be most easily managed, forests 
and croplands are best suited for application of existing and new 
technology to enhance terrestrial C sequestration in the near term.  
Nonetheless, estimates of the potential for enhanced C storage, even 
in the United States, vary more than two-fold.  In addition to proven 
management approaches, new management, chemical, and biological 
technology have the potential to impact C storage.  What is needed is 
basic research to improve our fundamental understanding of natural 
phenomena controlling soil C sequestration and basic and applied 
research and development to bring new management and technology 
to the challenge. 
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Introduction 
Soil carbon is one of the most poor ly under stood  global carbon pools.  
This is par tly due t o the difficulty and expense of cur rent techniques 
available to measur e soil organic mat ter  (SOM)  components and 
changes and par tly due to spatial var iability and the difficulty of 
obtaining representative samples.  As a r esult, the uncer tainty in SOM 
knowledge is so great  that  oppo sition exists to giving credit for  soil 
carbon sequestr ation in int erna tional greenho use gas negotiations.  
The perception is that it will be difficult, if not impossible, to ver ify 
claims that  car bon is act ually being absorbed an d r etained in soils, a 
pr oblem that  is compounded by the fact  that  the dynamics and 
chemistry of SOM ar e not well under stood.  The work descr ibed here 
begins to addr ess the need t o develop an d demonstrat e analytical 
techniques that  can r apidly pr ovide informat ion on soil car bon 
concentrat ion and chemistry, informat ion that  is crucial to ver ifying 
car bon upt ake an d st orage in the lar gest ter r estr ial pool – soil.1  
 
A pr imary component of soil organic matter  comes from the 
decomposition of biomass-der ived mater ials.  The resulting humic 
substances var y great ly in their  decomposition r at es, and when 
accur ately measur ed, pr ovide a foundat ion for  estimating the upt ake 
of car bon in soils.  Separ at ing and measur ing these components with 
classical techniques is both difficult and complex.  Most soil analyses 
r equire mechanical pr epar at ion, extract ion and one or  more chemical 
analyses; pr ocesses which ar e time consuming and labor  intensive. 
Moreover , some analyses may not be r epr esentative of the or iginal 
mat er ial due t o the har sh chemical separ at ions used.      
 
We have developed the py-MBMS technique for  analyzing a wide 
range of large and complex biomolecules that  include lignins, 
cellulosic mat er ials, plast ics, and po lymers. Schulten2 deta ils the 
application of pyrolysis field ionization mass spectroscopy to identify 
SOM components.  This work appl ies MBMS analyses to whole soils.  
The method consists of r apidly heating soil samples (0.1 g) in an iner t, 
helium at mosphere at  500°C for  pyrolysis analysis and t o 800°C in a 
helium/oxygen mixture for  combustion analysis. Both processes take 
place at  ambient pr essur e in a quar tz r eact or , which is connected to 
the inlet of the MBMS.  The generated pyrolysis or  combustion 
pr oduct s ar e sampled directly in r eal time by expan ding through a 
sampling or ifice with subsequent formation of the molecular  beam, 
which provides r apid sample quenching and  inhibits sample 
condensat ion.3,4,5,6  The molecular  beam method of sample generation 
is r apid (1-5 minut es) and pr ovides sample throughput s of 100-200 
samples per  day depending on analytical conditions.  
 
To demonstrate the feasibility of these techniques for  SOM and total 
car bon and nitrogen analysis, we analyzed forest soil samples taken  
from three exper imental sites in the Nor theast  and Nor th Central 
r egions of the country, and agr icultur al soils managed for  switchgrass 
pr oduct ion (South Central) and hybr id poplar  pr oduct ion 
(Nor thwest).   

At each of the sites, only mineral soil was sam pled an d 5-cm cores 
were taken as a function of dept h.  Samples were dr ied and sieved 
through a 2-mm screen pr ior  to MBMS analysis.  Soil samples (~0.1 
g) were weighed in quar tz boat s in tr iplicat es and pyrolyzed or  
combust ed in a r eact or  consisting of a 2.5 cm quar tz tube with helium 
flowing through at  5 L/min (at STP). The react or  tube was or iented 
so that  the sampling or ifice of the molecular -beam mass spect rometer  
(Figur e 1) was inside t he end of the quar tz r eact or . We used a 
molecular  beam system compr ised of an ExtrelTM Model TQMS C50 
mass spect rometer  for  both pyrolysis and combust ion vapo r  analysis. 
The react or  was electr ically heat ed an d its temperat ur e maintained at  
500°C or  800°C. Total pyrolysis time was 5 minut es and combustion 
time 2 minut es.  The residence time of the vapors in the r eact or  
pyrolysis zone was estimated to be ~75 ms. This r esidence time is 
shor t enough that  secondar y cracking react ions in the quar tz r eact or  
ar e minimal. We used a so il r eference mat er ial (Car los Erba , Milan, 
Italy, PN 33840026) containing 3.55 wt%  C and 0.37 wt%  N to 
calibrate the m/z 44 (CO2) and t he m/z 30 (NO) mass spect ral peaks.    
 

Figure 1.  Schematic r epresenta tion of the molecular  beam sampling mass 
spectrometer  (py-MBMS) system.  The soil samples were intr oduced into the 
heated qua r tz r eactor  for  pyr olysis and combustion ana lysis. 
 
 
Mass spectral dat a from 15-350 amu wer e acqui red on a Teknivent 
Vector  2TM dat a acqui sition system using 22eV electron impact  
ionizat ion.  Dat a acqui sition was continuous, through digitizat ion of 
electron-multiplier  signals from the ar r ival of positive ions and 
pr ogrammed storage in an IBM PC comput er .  Repet itive scans 
(typically one 300 amu scan/s) were r ecorded dur ing the evolut ion of 
a pyrolysis or  combust ion wave from each soil sample. The stored 
spect ra could be manipulat ed t o give average spect ra, subtract ed 
spectra, or  time evolution of different masses.  Using this system, both 
light gases and heavy molecules are sampled simultaneously and in 
r eal time. We used multivar iate data analysis (pattern r ecognition) to 
handle mass spect ral dat a set s and identify tr ends t o discover  the 
under lying chemical changes that  may not be obvious by compar ison 
of such complex mass spectra.7-8  
 
Results and Discussion 
Figur e 2 shows the weight per centages (wt% ) of total car bon and 
nitrogen obtained from combust ion-MBMS dat a from agr icultur al 
soils managed for  hybr id poplar  pr oduct ion.  Hybr id poplar s, which 
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grow rapidly, are biomass energy crops. Three sites were sampled in 
depth increments of 0-5, 5-10, and 10-20 cm. Total carbon (C) and 
nitrogen (N) contents are the average of two separate samples per 
site.  Site 1 is fallow after one rotation of hybrid poplar, site 2 is 
currently in a second rotation of hybrid poplar, and site 3 is adjacent 
unmanaged sagebrush. All samples exhibited decreasing C and N 
contents with increasing depth.   The fallow soil contained the least 
total carbon and nitrogen likely because of soil disturbance from 
harvesting the rotation.  The soil in the second rotation of poplars 
contained about twice as much C and N as the fallow site and the 
amounts were approximately equal in the deeper increments.  The 
unmanaged sagebrush contained the most C and N in the 0-5 cm 
increment and C and N contents in the 5-10 and 10-20 cm increments 
were about equal to those of the second rotation.  The high C and N 
content in the 0-5 cm sagebrush increment may be attributed to the 
presence of dense fine roots from the sagebrush.  These preliminary 
results show the utility of combustion-MBMS method for rapidly 
determining total C and N contents.   
 
 

Figure 2. Total carbon and nitrogen contents of soils from a hybrid 
poplar plantation.  Soil cores were taken in depth increments of 0-5, 
5-10, and 10-20 cm.  The first site (left 3 samples) was fallow after 
one rotation of poplar had been harvested, the middle 3 samples come 
from a site in a second rotation of poplar, and the 3 samples on the 
right are from adjacent unmanaged sagebrush. 
 
 
Figure 3 shows mass spectra from the pyrolysis of soil samples taken 
from the Tionesta Scenic and Research Area in northwestern New 
York.  These forest soils, which come from a site vegetated with 600-
year old virgin beech hemlock, were chosen for maximum SOM 
carbon content.  Figure 3a shows the pyrolysis mass spectrum for the 
0-5 cm depth increment and Figure 3b the spectrum from the 15-30 
cm increment.  Comparison of the spectra shows that the shallow 
increment contains pyrolysis products characteristic of more recent 
biomass decomposition (carbohydrates, lignin) and the deep increment 
contains more degraded forms of biomass (phenolics, nitrogen-
containing compounds).   
 
 
 
 

 
 
 
 
 

Figure 3: Integrated spectra for 0-5-cm (a) and 15-30-cm (b) samples 
from the py-MBMS analysis of the Tionesta forest soil. The mass 
spectra that occur over the pyrolysis wave for each sample are 
averaged.  Higher mass ranges are shown in the inset of (b).   
 
 
These preliminary results show that py-MBMS can distinguish the 
chemical changes that occur with depth. Recent biomass is 
characteristic of shallow samples and more aromatic species, 
representative of more degraded biomass, are found in the deeper 
samples. This technique can also distinguish among samples of 
different ecological sites.  With continued development, this rapid 
analytical technique offers the opportunity to greatly increase our 
understanding of the role of SOM in carbon sequestration and carbon 
cycling, and to assess how forest and agricultural management 
practices can enhance that role.  
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Introduction 
The sequestration of carbon dioxide (CO2) in coal seams is one 

of the geologic strategies being considered to mitigate increasing 
atmospheric concentrations of CO2. Historically, the adsorption of 
CO2 on coals has been studied to estimate the coal surface area.1 
Usually, these measurements have been conducted at low pressures 
and low temperatures.2 Although information obtained from 
measurements such as these is important to current sequestration 
efforts, low-pressure adsorption isotherm data may not represent 
high-pressure in-seam conditions. On the other hand, CO2 adsorption 
data obtained at high pressure has been reported to poorly fit the 
conventional adsorption equations such as the Langmuir (monolayer), 
BET (multiplayer), and Dubinin (pore filling) equations.3,4 

The inconsistency between the experimental data and the 
isotherm equations is proposed to be due to coal swelling.5 We have 
derived an expression, which incorporates the effect of swelling and 
shrinkage of the coal on the CO2 adsorption isotherm.  Its generalized 
form is given in Equation 1, 
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where nexp is the amount of adsorbed gas calculated from the ∆P 
determined experimentally when the void volume of the sample 
chamber (Vo) is considered constant at the value estimated by the He-
expansion method, nads is the amount of gas actually adsorbed on the 
coal sample, and k  is a constant, which includes the effect of the 
volume change in the sample cell.  The constant, k ,  explicitly 
accounts for the change in volume: 
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where ∆V/w is the change in accessible volume per gram of sample, 
∆V/Vo is the ratio of the change in accessible volume of the sample to 
the initial sample volume, as estimated by He-expansion, and �o is 
the helium-density of the sample.  

According to Eq.1, the measured adsorption isotherm has two 
contributing parts: (1) the physical adsorption of CO2 on the coal 
sample, nads, and (2) an artifact of coal swelling caused by the change 
in accessible pore volume which is closed to helium but accessible to 
CO2, k (P/z).  A number of equations, including the Langmuir and 
Dubinin, can be substituted for the physical adsorption term, nads, to 
give good correlations.  Herein, we use the Langmuir equation. The 
increased volume available for gas compression we attribute to an 
opening of the restricted pores by CO2 which increases the void 
volume of the sample cell beyond that measurable by helium.  

In this study, we report on the adsorption capacity of CO2 on 
some of the Argonne Premium coals employing the newly derived 
adsorption equation. 
 

Experimental 
Coal Samples . The proximate and ultimate analyses for the 

Argonne premium coal samples are shown in Table 1.6 Minus 100 
mesh samples were used in all experiments. Sample handling was 
performed in a helium-flushed glove bag under a positive pressure of 
helium. Each sample was dried in-situ at 80 oC under vacuum for 36 
hours before measurements were performed.  

 
Table 1. Proximate and Ultimate Analyses of the  

Argonne Premium Coal Samples  
 Proximate  Ultimate  
 Coal Analysis (wt%)  Analysis (wt%, daf) 
 Sample Rank Moisture Asha VMb C H O S N 
Pocahontas No.3 Lvb.  0.65   4.74 18.48 91.0 4.4  2.0 0.7 1.27 
Upper Freeport  Mvb.  1.13 13.2 27.45 85.5 4.7  7.5 0.74 1.55 
Illinois No. 6 Hvb.  7.97 15.5 40.05 77.7 5.0 13.5 2.38 1.37 
Wyodak Subbit. 28.09  6.31 32.17 75.0 5.4 18.0 0.6 1.20 
Beulah-Zap Lignite 32.24  6.59 30.45 73.0 4.8 20.0 0.8 1.04 
a dry basis 
b volatile matter, dry basis 
 

Gas adsorption apparatus. Gaseous carbon dioxide adsorption 
isotherms were obtained using a manometric gas adsorption 
apparatus described elsewhere.7 Briefly, the manometric apparatus 
consists of a reference cell of approximately 13 ml and a sample cell 
of about 6 ml; both contained within a temperature-controlled bath 
(±0.1 oC). The cell volumes were estimated by the He-expansion 
method. The pressure within each of the cells was monitored using a 
pressure transducer (Omega PX300-5KGV), accurate to ± 0.25% full 
scale. An ISCO syringe pump was used to deliver pressurized CO2.  

Measurement Methods . Adsorption isotherms of CO2 on the 
Argonne Premium coals were measured at 22, 30, 40, and 55 oC. The 
reference cell was pressurized to the desired level as indicated on a 
pressure transducer. Thermocouples within the cells showed that 
thermal equilibrium was established within 3 min. A portion of the 
gas was then transferred from the reference cell to the sample cell. It 
was found that 20-30 min was sufficient for the adsorption to reach 
equilibrium as evidenced by stable temperature and pressure 
readings. From the calculated volumes of the reference and sample 
cells, and the constant temperature, the amount of gas that was 
transferred from the reference cell to the sample cell was calculated 
using the real gas law, which accounts for the gas compressibility.8 
The difference between the moles transferred from the reference cell 
and the moles in the gas phase in the sample cell was accounted to 
the adsorption of CO2 on the coal. The pressure in the reference cell 
was then increased and the process was repeated. Adsorption 
isotherms were plotted as the total amount of adsorbed gas at each 
equilibrium pressure. 

 
Results and Discussion 

The adsorption and desorption isotherms of CO2 on the Argonne 
Premium coals were measured at 22, 30, 40, and 55 oC and at 
pressures up to 4 MPa. Figure 1 shows the adsorption (open 
symbols) and desorption (closed symbols) isotherms for CO2 on these 
coals at 22 oC. The lines were calculated by substituting the 
Langmuir expression for nads in Equation 1 and fitting the resultant 
equation to the entire range of adsorption data.  In general, both 
adsorption and desorption data fall on the same line.  Similar 
isotherm shapes but with a lower extent of adsorption were seen at 
the higher temperatures.  A small amount of hysteresis was observed 
only for the Illinois No. 6 sample.   The fact that the data for all 5 
coals could be fit well using Equation 1 argues favorably for its 
general form although we recognize that the fit alone does not prove 
the underlying assumptions of the derivation.  
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Eq.1 can be employed to differentiate between the adsorbed CO2 
and the effect of coal swelling. This partitioning of the adsorbed 
amount is shown in Figure 2 where the measured adsorption 
isotherm for the Pocahontas coal is divided into the two contributing 
parts. The portion of the missing gas apportioned to the physical 
adsorption of the CO2 is shown as the solid-line Langmuir portion of 
Equation 1 and the effect of the change in accessible pore volume is 
displayed as the dashed line. Due to CO2-induced swelling of the coal 
during adsorption, the accessible volume available for gas 
compression increases so that more volume becomes available to the 
CO2 than the volume initially estimated by helium expansion. At 
low-pressures, the effect of swelling on the adsorption isotherm is 
small when compared with the amount of CO2 actually adsorbed. At 
high pressures, however, the amount of gas in the additional void 
volume is considerably higher due to the compressibility of CO2.  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1. CO2 adsorption (open symbols) and desorption (closed 
symbols) isotherms of several of the Argonne Premium. 

 
 
 
 

 
 

 
 
 

 
 

 
 

 
 
 
 

 
 
 

Figure 2. Best fit of Eq.1 (heavy solid line) to the adsorption (open 
symbols) and desorption (closed symbols) isotherms of the Argonne 
Premium Pocahontas No.3 coal showing the relative contributions of 
Langmuir adsorption (solid line) and swelling effects (dashed line).  

By substituting the Langmuir or Dubinin-Astakhov equations 
for nads in Equation 1, the adsorption capacities were calculated.   The 

heats of adsorption for CO2 were calculated directly from the 
Dubinin-Astakhov equation and by using the Clausius-Clapeyron 
equation and the temperature dependence of the adsorption isotherms 
in the case of the Langmuir best-fits.  These are shown as a function 
of maf carbon in Figure 3 .  Both decrease with maturation of the coal 
up to 80-86% C, and then increase with increasing maturation 
consistent with the U-shaped dependence typical of surface areas, 
densities, and porosities of coals of different rank.9  However, the 
variations in the adsorption capacity and the characteristic heat of 
adsorption are not large. The adsorption capacities and characteristic 
heats of adsorption are 0.9-1.7 mmole/g-coal, daf-basis and –26 to    
–30 kJ/mole, regardless of coal rank.  

 
 
 

 
 

 
 
 

 
Figure 3. Adsorption capacity and heat of adsorption of CO2 on 
several of the Argonne Premium coals. 
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Introduction 

Although the study of the adsorption of carbon dioxide (CO2) on 
coals has a long history, most of these measurements have been 
conducted at low pressures (below atmospheric) and low 
temperatures (-78 oC to 25 oC)1 in order to estimate coal surface 
areas.2  Isotherms obtained at high pressures have been reported to 
poorly fit the conventional adsorption models including monolayer 
(Langmuir), multi-layer (BET), and pore filling (Dubinin-Radushke-
vich (DR) and Dubinin-Astakhov (DA)) models.3,4 

The purpose of this study was to determine the effect that 
swelling might have on the equations used to develop the adsorption/ 
desorption isotherms of CO2 on coal and to apply the newly derived 
equation to the interpretation of the isotherm data, particularly at 
pressures greater than one atmosphere.  
 
Experimental 

Adsorption apparatus. Gaseous CO2 adsorption isotherms 
were obtained using the manometric gas adsorption apparatus as 
shown schematically in Figure 1 . The manometric apparatus consists 
of a reference cell of approximately 13 ml and a sample cell of about 
6 ml; both contained within a temperature-controlled bath (±0.1 oC). 
The cell volumes were estimated by the helium expansion method. 
The pressure within each of the cells was monitored using a pressure 
transducer (Omega PX300-5KGV), accurate to ± 0.25% full scale  

Measurement Methods. Because the volume of each cell can 
be calculated, the temperature of the system is constant, and the 
pressure within each cell is measured, the number of gas-phase moles 
of any adsorbate in each cell can be calculated from Eq 1 where z, the 
compressibility factor, corrects for real gases.  

 
 
 
 
 
 
 
 
 
 
 
 
 

 
Figure 1 . Manometric gas adsorption apparatus: R: reference cell, S : 
sample cell, P: pressure transducer, I: ISCO syringe pump, V: 
vacuum pump T: thermocouples B: constant temperature bath. 
 

 
zRT
PVn =  (1) 

The following procedure was used to estimate the amount of 
CO2 adsorbed on a coal. (1) Initially, the reference and sample cells 
contained nR1 moles of gas at a pressure of PR1 and nS1 moles of gas 

at a pressure of PS1, respectively. (2) The reference cell was charged 
with n moles of CO2.  At this point, the moles of gas in the reference 
cell became (nR1+n)  at a pressure of PR2. (3) A portion of the gas, 
�nR1 moles, was transferred from the reference to the sample cell and 
both cells were allowed to equilibrate.  During this period both 
temperature and pressure were monitored to ensure both thermal and 
adsorptive equilibrium. At equilibrium, the reference and the sample 
cells contained (nR1+n-�nR1)  moles of gas at a pressure of PR3 and 
(nS1+�n S1)  moles of gas in the gas phase at the pressure of PS3, 
respectively. If no adsorption were to occur �nS1 would equal �nR1.  
Normally, however, the gas phase moles transferred from the 
reference cell did not equal the gas phase moles found in the sample 
cell and the missing gas was accounted to CO2 adsorption on the coal.  

The amount of adsorbed CO2 was calculated from the mass 
balance in the form of measurable quantities according to  
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where w  is the weight of the sample, VR is the reference volume, and 
V0 is the void volume of the sample cell, which is not occupied by the 
adsorbent (coal) and which was estimated by the helium expansion 
method prior to the original introduction of CO2 into the sample cell. 

The above procedure was repeated for incrementally increasing 
pressures of CO2.  Finally, the estimate of the total amount of gas 
adsorbed, nads, at the end of the ith step was determined from 
 

iadsadsadsadsads nnnnn ∆++∆+∆+∆= ....
321

 (3) 
The procedure to this point is typical for the measurement of 
adsorption isotherms and is applicable to rigid solids.  However, we 
believe it to be inadequate for the description of porous materials that 
swell in the presence of the adsorbate. 
 
Results and Discussion 

Eq 2 is valid only when the void volume in the sample cell (V0) 
is constant. However, for coals, it is likely that changes in the 
available volume in the sample cell occur due to the swelling of the 
coal, which results from the sorption of CO2.  For example, some 
micropores are closed to helium and may be accessed by CO2

5 as 
shown schematically in Figure 2. It can be argued that the void 
volume measured by helium is not the same as the void volume when 
these adsorbing gases and vapors are presented to the sample. Thus, 
an extra accessible volume within the sample cell would be created 
and should be taken into consideration. 

 
 
 
 
 
 
 
 

 
 
 
Figure 2. Depiction of the change in the void volume in the sample 
cell due to pore opening upon the sorption of swelling gases. 

 
In the presence of a volume change, Eq 2 can be written as  
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where V1 is the void volume accessible for gas compression after the 
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introduction of CO2 has swollen the coal and V0 is the void volume of 
sample cell as initially measured by the traditional helium expansion 
method.  In this interpretation, the volume inaccessible to the helium 
and represented by the hollow areas, or bubbles, on the left side of 
Figure 2 becomes available for the gas phase compression of CO2 in 
the swollen coal. This can be generalized by defining the change in 
the accessible volume as  
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where �i is the pore opening coefficient which is dependent on the 
change in volume at each step (shown as indices i) compared to the 
previous volume during the adsorption/desorption process. The actual 
amount adsorbed can be calculated from Eqs 4 and 5 to give Eq 6. 
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As shown in Eq.6, the adsorbed amount has two parts. The first part 
(PART I) is the experimentally determined amount of adsorbed gas 
(�nexp), in which there is no change in the volume in the sample cell 
and it remains constant at the value estimated by helium expansion. 
The second part (PART II) is the amount of gas occupied by the 
nascent cell volume, which was created as a result of the change in 
the accessible pore volume that occurred when the adsorbent became 
swollen or shrunken upon the adsorption or desorption of the gas, 
respectively. A general form of the adsorption equation can be 
obtained by combining Eqs 3, 5, and 6 to give: 

 




+=
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where nexp is the same as nads in Eq 3, above, and represents the 
experimentally calculated total amount of adsorbed gas when the 
void volume of the sample cell (Vo) is constant, nads is the actual 
amount of adsorbed gas on the coal sample, and k  is a constant 
expressed as 

 ( ) ( )
RT
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RT
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where ∆V/w is the change in the accessible pore volume per gram of 
sample, ∆V/Vo is the ratio of the change in accessible pore volume of 
sample per the initial volume, and �o is the helium-density of the 
sample.  

In Eq.7, the only unknowns are the nads and k . Several equations 
can be used for the gas adsorption term (nads) including the Langmuir, 
DR, and DA equations. When a particular adsorption model is used 
to fit the exp erimental adsorption isotherm data, information about 
coal-CO2 interactions, such as the monolayer adsorption capacity, the 
micropore volume, the equilibrium (Langmuir) constant, and/or the 
characteristic heat of adsorption, can be estimated along with the 
change in the accessible pore volume in the coal.   

The adsorption isotherms of CO2 at  22oC on the Argonne 
Pocahontas No.3 and Beulah-Zap coals are shown in Figure 3 . The 
lines represent the best-fit values over the entire range of adsorption 
data. The Langmuir and DA are shown as examples of models that 
may be used. In practice, we found no significant difference among 
the three adsorption models investigated once the effect of the 
swelling was taken into account.  As shown in Figure 3, the 
measured adsorption isotherms can be divided into two contributing 
parts. One is the actual, physical adsorption of CO2 (Langmuir or DA 
in the Figure), and the other is the effect of swelling on the accessible 
pore volume. At low-pressures, the effect of the swelling on the 

adsorption isotherm is small when compared with the amount 
actually adsorbed. At high pressures, however, the amount of gas in 
the additional void volume is considerably higher due to the 
compressibility of CO2. Thus, the derived equation is especially 
important at higher pressures when coal swelling cannot be ignored.  

 

 
 

 

 
 
Figure 3. Adsorption isotherms of CO2 on (a) Pocahontas No.3 - 
modified Langmuir Eq. (b) Beulah-Zap - modified DA Eq.  
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Introduction
Sequestration of CO2 within coal seams that are either too

deep, thin, or uneconomic has been suggested to mitigate climate
change. Additionally, if there is methane present within the coal i t
can be replaced with the carbon dioxide, apparently at a 2:1 ratio
(1) thus releasing CH4 to help offset the sequestration cost. We
have utilized computational molecular modeling to investigate
the forces involved between bituminous coal structure (or
idealized pores) and the molecular species CH4 and CO2. The
molecular computations and simulations provide useful
information on accessible pore volumes, energy of interactions
between host and guest molecules, self-diffusion coefficients,
identification of likely sorption sites, impact of carbon dioxide
sorption/methane exchange upon the coal matrix
(expansion/contraction), and competitive adsorption isotherms.

Experimental
Density functional theory, second-order Moller-Plesset

theory, and classical molecular dynamics were utilized to
investigate three chemical models of coal. In order of increasing
model sophistication, small molecules (CH4, CO2, and N2) were
complexed with (a) anthracene, (b) nanotube(s), and (c) model of
bituminous coal structure. Our goal is to uncover the fundamental
physical interactions between small molecules and simple
aromatic structures, and use the computed information to enhance
the sequestration of CO2 in more complex coal structures.

Anthracene Model.  All density functional theory
calculations were carried out with the Gaussian 98 program (2),
using a 16-node SP IBM RS/6000 super computer. The Becke
three parameter exchange functional and the nonlocal correlation
functional of Lee, Yang, and Parr (B3LYP) with 6-31G(d) basis set
was employed. All energy optimizations and frequency analyses
were performed using the B3LYP/6-31G(d) level of theory, which
has been shown to produce realistic structures and energies for
weak nonbonding interactions between aromatics and small
organic molecules. Vibrational frequency calculations at the same
level of theory were used to confirm all stationary points as either
minima or transition structures, and provide thermodynamic and
zero-point energy corrections. The energy profile for CH4, CO2,
and N2 traversing across anthracene, see Figure 1, are investigated
to determine the structure and energy of interaction as the small
molecules passes over the aromatic structure.

Figure 1.  Oblique View of CO2 Interacting with Anthracene.

Nanotube Model.  Insight II was used to plot the energy
profile of the gases within idealized pores, here treated as
buckeytubes and buckyballs. In our first case, a nanotube was
constructed, as shown in Figure 2. Dummy atoms set along the
centerline of the “pore” was used to define a pathway for the
molecules. A strong harmonic “pushed” the guest molecule along
the defined pathway and the structure allowed to minimize. To
save computational expense the “pore” was rigid and did not
relax or strain with the passage of the molecule. Step size along
the centerline was 0.2 Å. The dummy atoms were placed several
rings within the tube to reduce “end effects”. The energy of
interaction between the host and guess molecule were followed.
Similar techniques have been used in Zeolite simulations (3) and
are well discussed there.

Figure 2.  3D Representation of a nanotube with CH4 and CO2

inserted in its cavity.

Classical molecular dynamics calculations were performed to
compute the potential of mean force of each solute through the
nanotube model.  Self-diffusion coefficients were also computed
using molecular dynamics simulations.

Bituminous Coal Model. Recent experimental and
computational advances have the potential to produce a first-time
reasonable constitutional model (chemical and physical
structure) and enable its use. First, structural diversity may be
incorporated through the combination of high-resolution
transmission electron microscopy (HRTEM) and laser desorption
mass spectroscopy, which has not been previously included into
a three-dimensional structural model of coal (4). Secondly,
methodological advances in molecular simulations that have
been successfully applied to biomolecular systems and new
engineering materials coupled with available high capacity and
high speed parallel super computers make the modeling of CO2

sequestration by coal realistic and practical. A relatively
simplistic three-dimensional model of bituminous coal structure
(5) is given in Figure 3.
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Figure 3.  Porosity (green spheres) of a Bituminous Vitrinite Coal
Model

The CHARMM (6,7) force-field was used in our simulation work
(many more will be evaluated). Constant pressure molecular
dynamics have been carried out using periodic boundary
conditions. Physical aspects such as porosity will be compared to
experimental values to ensure a reasonable representation of our
proposed large-scale coal model simulation (> 50,000 atoms). The
time-scale used will be consistent with the diffusion times of the
slowest diffusion rates.

Results & Discussion
Figure 4 shows the relative size and shape of the three

gasses: nitrogen, methane, and carbon dioxide. The sizes appear
similar to the naked eye although significant differences in size
are present (when in appropriately sized pores), although methane
is bulkier. The quadrupole and octapole from the higher-level
quantum mechanical computations are also used to better
understand the sorption of the small molecules to aromatic
surfaces.

Figure 4.  Relative Size and Shape of N2, CH4 and CO2

To test the molecular interactions, a low level of molecular
modeling was first utilized. The results of this basic simulation
are shown in Figure 5. Nitrogen as expected had the “easiest”
transition through the “pore”. The shape of the molecule
permitted the long axis to lie perpendicular to the “pore” axis and
low energetic strain indicated only slight conformational changes
where required. Methane being a bulkier molecule has to undergo
conformational changes to “squeeze” through the pore. An
oblique view of both CO2 and CH4 inside of the nanotube is given
in Figure 6. Greater peaks and valleys in the plot (Figure 5)
indicate conformational changes to accommodate the passage.
These conformational changes can be treated as an apparent
activation energy. This low apparent activation energy indicates
the molecule will pass though the pore with little retention.
Carbon dioxide however has a very different profile and a much
higher apparent activation energy to the passage within the pore.
Several local energy minima and global energy minima are

present. These are sites where the interaction energy between the
host and guest molecule would require significant
conformational rearrangement to proceed through the pore,
possibly becoming “trapped” within the pore.

Figure 5.  Energy Profile of CO2, CH4 and N2 within a Nanotube

Figure 6.  CPK representation of CO2 (front) and CH4 (back) inside
the nanotube.

Conclusions
We aim to use accurately computed atomic-level structural

and dynamical information to aid in the creation of technology
for optimal geological sequestration of CO2. Our strategy is to
generate a realistic and testable three-dimensional state-of-the-art
molecular model of Pocahontas No. 3 coal by incorporating new
structural diversity information based upon HRTEM and laser
desorption data (rather than average values), while maintaining
traditional analytical information (i.e., H/C aromaticity) and
physical parameters (i.e., density and pore volume). Large-scale
molecular dynamics simulations (> 50,000 atoms) will be carried
out on this model to follow its structural changes during addition
of CO2 and removal of CH4. The simulation work will also be used
to determine the differences in sorption characteristics and
diffusion rates between CO2, H2O, N2 and CH4. This significance of
the proposal is that new opportunities in the optimization and
gaseous management necessary for low-cost forms of CO2

sequestration will result from this novel procedure.
Acknowledgement.  The authors thank support from the

University Coal Research Program at American Universities for
funding for this research.
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Concerns about potential effects of rising carbon dioxide levels in the
atmosphere have stimulated interest in a number of carbon dioxide
sequestration studies. One suggestion is the sequestration of carbon
dioxide as clathrate hydrates by injection of carbon dioxide into
methane hydrates. Energy-supply research estimates indicate that
natural gas hydrates in arctic and sub-seafloor formations contain more
energy than all other fossil fuel deposits combined. The simultaneous
sequestration of carbon dioxide into deposits of natural gas hydrates, if
possible, represents a potentially efficient and cost effective option for
the sequestration of carbon dioxide.

Data in the literature show that the conversion of bulk methane hydrate
into carbon dioxide hydrate is thermodynamically favored. These results
are not directly applicable to naturally occurring hydrates, because the
hydrates in these locations are embedded in sediments. In addition,
naturally occurring hydrates are normally made up of mixtures of
natural gases, often predominately methane. The thermodynamics of
any potential conversion of hydrates involving methane to carbon
dioxide hydrate would therefore be affected by the size of the pores in
which the conversion would take place, as well as the composition of
the gas. We have developed a model that can be used to interpret or
predict hydrate formation in porous media for any pore size distribution,
allowing for the calculation of the heats of formation of these hydrates
in porous media as a function of pore size and temperature. These
results are applied to mixtures of methane and carbon dioxide. This
allows for a preliminary assessment of the thermodynamic feasibility of
converting hydrates formed from methane to carbon dioxide hydrate in
porous media involving various size pores.

Introduction

The build up of carbon dioxide in the atmosphere has become
of great interest due to the potential of this gas to play an important role
in greenhouse effects, and its reported potential to induce global
warming on the order of  2 – 5 K over the next century1. As a result of
these concerns, researchers have suggested various methods to
sequester carbon dioxide in order to remove it from the atmosphere.
One sequestration scheme2 is the injection of carbon dioxide into
methane hydrate deposits, which it is suggested could result in the
simultaneous sequestration of the carbon dioxide and the liberation of
methane (which could then be collected and used as a clean fuel). Gas
hydrates are crystalline structures that involve a lattice made up of
hydrogen-bonded water molecules. This lattice includes cavities that
can be occupied by gas molecules. Gas hydrates (such as methane
hydrate) form under low temperature – high pressure conditions, both
above and below the freezing point of water. Due to the large size of
naturally occurring methane hydrate deposits, this represents a vast
potential supply of methane. The simultaneous sequestration of carbon
dioxide and liberation of methane represents a potentially cost-effective
sequestration scheme for carbon dioxide. Since much of the worlds
naturally occurring methane hydrates are in sediments below the ocean
floors or in permafrost regions, it is necessary to consider the effects of
porous media on the formation of gas hydrates.

Studies by Makogon3 in sandstones suggested that the pressure
required for hydrate formation increased as the pore size was
decreased. Differences in chemical potentials and interfacial forces
between the bulk and pore water affect hydrate formation in pores.
Handa and Stupin4 studied methane and propane hydrates in silica gel
of 7.5 nm nominal pore radius, and Uchida et al.5 investigated the
properties of methane hydrate in three porous Vycor glass samples
with pore radii of 25 nm, 15 nm, and 5 nm. In a recent work6 the
authors presented measurements for propane hydrate formation in silica
gels of nominal pore radii of 7.5 nm, 5.0 nm, 3.0 nm, and 2.0 nm.
Injection of carbon dioxide into methane hydrate deposits with the
subsequent sequestration of the carbon dioxide and liberation of the
methane would result in hydrates in equilibrium with a mixture of free
carbon dioxide and methane. No results for hydrates in porous media
formed from gas mixtures have been reported in the literature. In this
work we consider the prediction of the equilibrium pressure for
mixtures of methane and carbon dioxide in porous media based on a
statistical thermodynamic model. The model is then used to estimate
enthalpies of dissociation of hydrates formed from mixtures of carbon
dioxide and methane in porous media.

Model Description
Munck et al.7 presented a single equation involving fT and fP  (the
temperature and pressure under which the hydrate forms) that can be
used to predict hydrate formation conditions under bulk conditions. This
equation can be written as

( ) ( ) 01lnln
i

i
020

0

0

=∑ ∑−+−∫
∆

+∫
∆

−
∆

k kiww

P
w

T

T

wW YXdP
TR

V
dT

RT
H

RT

ff

ηγ
µ

             (1)

In eq (1), 2/)( 0 TTT += , 0T  is the temperature of the standard

reference state (T = 273.15 K, P = 0), 0
Wµ∆  is the chemical potential

difference between the empty hydrate lattice and pure water in the
reference state, iη  is the ratio of the number of cavities of type i to the

number of water molecules in the hydrate lattice, and iY  denotes the
probability of a cavity of type i being occupied by the guest molecule.
The probability iY  is given in terms of the fugacity of the hydrate guest
in the gaseous state ( if ) and the Langmuir adsorption constant ( iC )
by )1/( ∑+= j jjikkiki fCfCY . Additionally,

))(( 0
00 TTTCHH pWW −′∆+∆=∆ , where 0

WH∆  is a reference
enthalpy difference between the empty hydrate lattice and the pure
water phase at the reference temperature, 0

pC∆  is the reference heat

capacity difference, and WV∆  is the volume difference between the
empty hydrate and pure water (at 0T ), and is assumed constant. Also

note that the values used for 0
pC∆ , 0

WH∆ , and WV∆  depend on
whether the equilibrium involves liquid or solid water. In this work, the
temperature dependence of the Langmuir constants will be accounted
for by using the form presented by Munck et al.7 This form is given by

( )TBTkiAC kiki exp)/(= , where iA and iB are experimentally fit
parameters, and are dependent on which guest molecule is present, as
well as which of the hydrate structures is formed. To consider hydrate
formation in porous media, eq. (1) must be modified to include the
effect of the relevant interface on the activity of the water. After
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making the necessary modifications in the region where the equilibria
involve liquid water, eq. (1) becomes8
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In eq. (2), LV  is the molar volume of water in the pure water state,
è is the contact angle between the aqueous phase and the hydrate,

hwσ  is the surface tension between the aqueous and hydrate phases
(taken as 0.0267 J/m2 as given by Clennell et al9), and r is the radius of
the pores in the porous medium. Eq. (2) can be used for all
temperatures above the ice point of water in the corresponding pore of
radius r. Below the ice point one recovers eq. (1) since the current
model assumes there are no surface effects between ice and hydrate.

Results and Discussion

Figure 1a shows the results of using eq. (1) to predict the hydrate
equilibrium pressure for bulk mixtures of methane and carbon dioxide.
Also shown in the Figure are the experimental data given in Sloan.10

We note that all of the experimental data are in the liquid water region,
and involve Structure I hydrates. We also note that for temperatures
slightly above those depicted in Fig 1a as part of the calculated surface,
the mixture involves liquid carbon dioxide, and the predictions become
less accurate.

Surfaces similar to Fig. 1a can be constructed using eq. (2) for hydrate
formation in porous media. For example, Figure 1b shows the results
for pore radii of 3, 6, and 9 nm. The upper right hand corner of Fig. 1b
shows a dramatic change in slope in the logarithm of the equilibrium
pressure, due to the effects of the magnitude of the pressure on the
state of the carbon dioxide involved in the equilibria. Also note the non-
linearity of the surface in Fig. 1b for larger temperatures (and therefore
pressures), which indicates the changing character of the carbon
dioxide involved in the equilibria.

The equilibrium pressure of mixtures in porous media is a function of 3
variables (temperature, mole fraction, and pore radius). As a result, one
can examine cross-sections of the 3 dimensional surface (which lies in
a 4 dimensional space) other than the one shown in Fig. 1b. For
example, in Figure 2 the logarithm of the equilibrium pressure is shown
as a function of 1/T and 1/r for five values (0.0, 0.25, 0.5, 0.75, and 1.0)
of the mole fraction of carbon dioxide in the mixtures. Due to the higher
hydrate equilibrium pressure in porous media, changes in the state of
the carbon dioxide in the mixture take place at lower temperatures than
they do in the bulk. This can lead to different types of equilibria taking
place at the same temperature in different size pores in the porous
media. Fig. 2a shows the surfaces for pressures where both
components (CO2 and CH4) remain in gaseous form. We note that as
the mole fraction of CO2 increases, the equilibrium pressure decreases
due to the lower equilibrium pressure for hydrates formed from pure
gaseous CO2, as compared to that of those formed from pure gaseous
CH4. Higher temperatures and/or smaller pore sizes result in higher
equilibrium pressures. At some of these higher pressures CO2 liquefies.
Due to the larger equilibrium pressure for hydrates formed from liquid
CO2 as compared to those for hydrates formed from either gaseous
CH4 or gaseous carbon dioxide, equilibria involving liquid CO2 have
significantly higher equilibrium pressures. Under conditions where
either the temperature is high enough or the pore size is small enough,

mixtures with larger mole fractions of CO2 have higher equilibrium
pressures than pure methane hydrates (as seen in Fig. 2b), suggesting
the presence of liquid carbon dioxide. In addition to the limitations of
calculations involving liquefied components, the form of the Langmuir
constants employed here may not be as accurate as more complicated
forms. This potential source of inaccuracy will be investigated in future
work.

As is made clear from these preliminary results, the evaluation of the
potential sequestration of carbon dioxide by injection into sediment
deposits containing methane hydrates may require accurate methods of
predicting hydrate equilibrium pressures when the mixtures involve
liquid carbon dioxide and gaseous methane. Since the determination of
liquid phase densities and fugacities can

Figure 1.  (a) Surface showing predicted equilibrium pressures for
CO2/CH4 mixtures and experimental data for bulk hydrate
formation. (b) Calculated surfaces for equilibrium pressures for
CO2/CH4 mixtures in porous media with pore radii of 3, 6, or 9 nm.

involve larger errors than those for the gaseous phase,10 great care
must be taken in developing such predictions.

In addition to calculating the equilibrium pressure, eq. (2) can be used
along with the Clausius-Clapeyron equation

( ) ( ) zR  H  Td(P)d /1/ln ∆−= to estimate the enthalpy of formation
of mixtures of carbon dioxide and methane in porous media. In the
above equation, z is the gas compressibility, and is calculated using

r = 3nm

r = 6nm

r = 9nm

(a)

(b)
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Figure 2. Calculated surfaces for equilibrium pressures for CO2/CH4
mixtures having CO2 mole fractions of 0.0, 0.25, 0.5, 0.75, and 1.0  in
porous media.

the Soave-Redlich-Kwong equation of state. Figure 3a shows the
results of calculation of the enthalpy of dissociation for mixtures of

carbon dioxide and methane in a porous medium containing pores with
5 nm radii. Results from Figure 3a for a temperature of 273.2 K are
shown in Fig. 3b, along with the results for pores having a 3 nm radius
and for bulk calculations (dotted trace). We note that the very rapid
changes evident in Figs 2 and 3 for pure CO2 (a mole fraction of 1.0)
are due to its liquefaction (due to the larger equilibrium pressures
necessary in porous media). The calculations presented here for
hydrate formation involving liquefied states may have more limitations
than do those only involving gases, and as such these preliminary results
will only be examined from a qualitative standpoint at this time. The
difference between the enthalpy of dissociation in porous media and
that in the bulk for a mixture with a mole fraction of 0.2 or greater
seems to increase as the pore size decreases. For mole fractions below
this there seems to be a more complicated behavior. This suggests that
CO2 sequestration in porous media via conversion of methane hydrate
into CO2 hydrate may be even more favored, thermodynamically, than
it is in the bulk. While intriguing, quantitative interpretation of these
results will require further investigation.

Figure 3.  (a) Calculated surface showing the enthalpy of dissociation
for CO2/CH4 mixtures in a porous medium having pore radii of 5.0 nm.
(b) The enthalpy of dissociation at 273.2 K as a function of the mole
fraction of carbon dioxide for the bulk (dotted trace) as well as in
porous media with 3 and 5 nm pores.
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Introduction 

Ocean disposal scenario of anthropogenic CO2 in the form of 
clathrate hydrate have been proposed for mitigation of global 
warming1. The disposal process of CO2 hydrate has advantages over 
direct discharge of gaseous or liquid CO2 from the environmental 
impact. Since the density of CO2 hydrate is larger than that of 
seawater, the disposed hydrate particles has negative buoyancy in the 
seawater and descend to the ocean bottom. On the other hand, the 
density of liquid or gaseous CO2 is smaller than that of seawater at 
the dept shallower than 3000 m, the discharged CO2 would ascend to 
the ocean surface, and some part might be release to the atmosphere 
when the dissolution is not completed. The hydrate particles 
disposed in the ocean have a dissociation fate because they are 
unstable when the ambient seawater is unsaturated with CO2. The 
dissociation of CO2 hydrate would release CO2, and cause an impact 
on the marine environment. However, the impact would depend on 
the rates of descending and dissociation of CO2 hydrate particles in 
the ocean. Since these rates depend primarily on the particle size, the 
environmental impact could be controllable through a proper design of 
the formation process of the hydrate particle.  

The hydrate particle growth process should depend on various 
factors. In this study, effect of calcium carbonate particles was 
studied from the following viewpoints.  
• The addition of calcium carbonate would increase the CO2 

solubility in water, which is favorable for the hydrate formation. 
In addition, the CaCO3 particles would provide a crystallization 
center for the CO2 hydrate. Consequently, the hydrate 
formation could be promoted by CaCO3 addition. 

• After formation of the CO2 hydrate, the remained CaCO3 could 
be disposed of with the hydrate particles in the form of slurry. 
Since the CaCO3 has a buffering effect for the pH change caused 
by the dissolution of CO2 released from the hydrate particles, 
the disposal process could be more environmentally benign.  

Effect of CaCO3 addition on the CO2 hydrate formation process 
has been investigated experimentally in a laboratory scale setup. Also 
numerical simulations of the buffering effect of CaCO3 on the pH 
change caused by a disposal process of CO2 hydrate have been 
conducted. 
 
Experimental Apparatus and Procedure 

Figure 1 shows a schematic drawing for the experimental system 
for the hydrate formation. The batch-type high-pressure reactor was 
composed of a transparent polycarbonate tube that  can bear pressure 
up to 200 bar. A Pyrex glass tube (inner volume was about 740 cm3) 

was inserted in the polycarbonate tube to avoid the direct contact of 
liquid CO2 with polycarbonate tube, which could cause a severe 
damage to the material. The absolute pressure in the Pyrex tube was 
controlled by a piston-type pressure controller in the range of 1 to 
100 bar with an accuracy of 0.1 bar. Pressure between the Pyrex glass 
tube and the polycarbonate tube was equilibrated by a pressure 
equilibrator to avoid the excess pressure difference on the Pyrex tube 
(maximum bearing pressure 20 bar). The reaction contents could be 
stirred by a 3-wing propeller type agitator with the speed range of 0 
to 750 rpm. The temperature was controlled by immersing the reactor 
in a constant -temperature bath of which the temperature was 
controlled with an accuracy of 0.1 K through a constant-temperature 
cooling unit.  

A known amount of ion-exchanged water was first introduced to 
the reactor with or without a given amount of CaCO3 particle at the 
atmospheric pressure. Then liquid CO2 was supplied to the system 
through a high -pressure pump after pre-cooling. After reaching the 

experimental pressure, the supply of CO2 was stopped, and the 
agitation was started. Formation process of hydrate was directly 
observed and recorded by a digital video camera through the reactor. 

 
   
Figure 1. Schematic drawing for the experimental apparatus 

 
Results and Discussion 
 
Observation of hydrate formation process 

Without agitation or with agitation at low speed ( < 200 rpm), 
the liquid CO2 phase and the water phase was separated with a thin 
hydrate film at the interface. With an increasing in the agitation rate, 
the hydrate film collapsed at 200 rpm, and liquid CO2 drops and 
hydrate particles (about several mm diameter) were dispersed into 
water phase. When the agitation stopped, the hydrate particles 
coagulated to form a cluster, but the cluster was easily broken into 
smaller hydrate particles by a slight agitation (Figure 2) for the cases 
without CaCO3. For the cases with CaCO3, on the other hand, a large 
lump of CO2 hydrate (about 7~10 cm diameter) formation was 
observed after agitation at 750 rpm as shown in Figure 3. The effect 
of CaCO3 found to depend on various conditions such as the agitation 
rate, temperature, and CaCO3 content. No clear effect of the CaCO3 
addition on the hydrate formation rate was noticed because the 
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hydrate formation took place immediately after the agitation even 
without CaCO3. Thus, the addition of CaCO3 may help the formation 
of large CO2 hydrate particle. 
 
 
 
Simulation of pH change caused by the CO2 hydrate particle disposed 
in the ocean 

Numerical simulation of pH change in the seawater by the ocean 
disposal process of CO2 was conducted based on the following 
assumption. In the process, CO2 was captured and separated from 
the flue gas of an LNG-fired thermal power plant of 3000 MW. The 
emission rate of CO2 is 370 kg/s; this amount of CO2 will be 
converted into hydrate particles with CaCO3 addition in a submerged 
hydrate reactor at 500 m depth. Then hydrate particles will be 
disposed of in the ocean with an excess amount of CaCO3 slurry. The 
hydrate particles disposed will descend in the ocean with CaCO3 
slurry, and will be dissociated to release CO2 into the ambient sweater 
during the descending process. In the meantime, the hydrate particles 
will be transported horizontally by the eddy diffusion and the ocean 
current. The following assumption was made for the calculation of 
pH change caused by the dissolution of CO2 in the seawater. The 
following ionic equilibrium relations are always established in the 
ambient seawater. 

 
[H2CO3] / PCO2 = 10-1.5               

(1) 
[H+] [HCO3-] / [H2CO3] = 10-6.3                   (2) 
[H+] [CO3

2-] / [HCO3-] = 10-10.3                   (3) 
[H+] [OH-] = 10-14                     (4) 
[Ca2+] [CO3

2-] = 10-8.4                (5) 
• The charge is conserved.  

[H+]+2[Ca2+] = [OH-]+[HCO3-]+2[CO3
2-], with CaCO3        

(6) 
[H+] = [OH-]+[HCO3-]+2[CO3

2-], without CaCO3             
(7) 

• Emission rate of CO2 by the dissociation of CO2 hydrate 
particles was given by the following mass transfer equation. 

)(4
3

4 2
3

*
WLh CCkrr

dt
dC −=








− π

π                 (8)

  
where Ch* is the concentration of CO2 in the hydrate, CL is 
the solubility of CO2 in the seawater, and Cw is the CO2 
concentration in the ambient seawater. r is the radius of CO2 
hydrate, and k is the overall mass transfer coefficient. The 
value of mass transfer coefficient is constant at 10-7 m/s. 

• The descending rate of hydrate particles in the sweater is the 
terminal velocity in seawater; the drag coefficient, CD, was 
given by the following equations depending on the diameter-
based Reynolds number (Re). 
CD =  24 / Re   (Re <2) 

  24/ Re1/2    (2 < Re <500) 
  0.44   (Re >500)           (9) 
where  
Re = ρ v d /µ             (10) 

ρ and µ are the density and the viscosity of the seawater, 
respectively, and v and d are the terminal velocity and the 
diameter of the hydrate particle, respectively. All the 
properties  used for the calculation were those for the 
seawater at 283 K, and temperature or pressure dependency 
was neglected.  

• The horizontal eddy diffusion coefficient in the ocean is 30 
m2/s (y-direction), and that for vertical direction was 
negligible. The average ocean current was 0.1 m/s (x-
direction) horizontally. The vertical mass transfer of CO2 
takes place mainly by the descending (z-direction) process of 
hydrate particle in the seawater.  

 
Based on the above assumptions, the pH change caused by the 

continuous disposal of CO2 hydrate particles were simulated 
numerically. Figure 4 shows a steady state pH profile of the seawater 
at the depth of z = 1300 m as a function of the (y-direction) 
horizontal distance at x = 1000 m. The initial diameter of CO2 hydrate 
particles was also shown in the figure. The pH change was 
significantly reduced by the addition of CaCO3; the minimum pH in 
this point was larger than 6 when 0.1 m hydrate particle was 
disposed at 500 m. With an increase in the hydrate particle size, the 
low pH region was spread horizontally at this depth. This is so 
because the larger the initial size, the deeper the hydrate particles 
could reach.  

 
Figure 2.  Formation of CO2 hydrate; (a) hydrate particles cluster 

formed without CaCO3, (b) hydrate lump formed with CaCO3    
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Figure 3. pH change simulation result at the depth of 1300 m and 
1000 m away from the disposal point for various initial diameter of 

the CO2 hydrate particles. The disposal depth was 500 m. 
 

Conclusions 
CaCO3 addition was effective both for the size control of the 

hydrate particle size in the formation process and for the buffering of 
pH change by the dissociation of CO2 hydrate in the ocean.  
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Introduction 

Over the last five years, we have developed and refined 
techniques for the precise and controlled release of small quantities 
(0.5-7L) of liquid CO2 in the deep ocean using MBARI’s advanced 
remotely operated vehicle (ROV) technology.  We have used this 
technology to pursue fundamental chemical, physical, and biological 
studies associated with ocean CO2 sequestration.  This technology 
was designed to allow us to conduct experiments mimicking some of 
the many ocean CO2 sequestration processes which have been 
proposed, such as those summarized by Hanisch1.  Notably, we 
wanted to observe and test ideas concerning CO2 behavior during 
releases in the mid-water (400m to 2000m), to mimic plumes of CO2 
that might arise from CO2 released from shallow pipelines or pipes 
towed from tankers, and in the deep-sea (>3000m), where liquid CO2 
is denser than the surrounding seawater and the experiments are 
gravitationally stable.  We report here the development of a 56L 
accumulator system, capable of delivering 42-46L of liquid CO2 at 
3600m depth, constructed of carbon fiber composite, for meso-scale 
studies.  This represents the size and weight limit possible with current 
MBARI ROV technology. 

Subsequently, we have completed a series of experiments in 
Monterey Bay using this technology.  We have used this system for 
new observations of the fate of liquid CO2 on the sea floor at depths 
>3000m.  We have used a time lapse camera to image the fate of 
~16L of liquid CO2 in a 50cm diameter corral at 3600m depth; where 
dissolution was complete in 14 days. We have observed in situ the pH 
of a pocket formed in the liquid CO2 surface film, and migration of 
CO2 saturated water into the sediments with massive hydrate 
formation following. 
 
Experimental 

Technology Development.  Our initial device consisted of two 
hydraulic cylinders mechanically connected in tandem.  One cylinder 
was controlled using the hydraulic system on the ROV.  When this 
device was activated, its ram would move the piston in the other 
cylinder and expel the liquid CO2 contained therein.  Although the 
capacity was small (0.5L), use of this device did allow us to conduct 
our earliest experiments and to gather needed experience with 
handling, transferring and deploying liquid CO2 in the ocean from an 
ROV2.  However, the small capacity of this system quickly proved to 
be limiting on both the size and duration of the experiments we could 
undertake, so we developed a larger CO2 delivery system that 
employed a steel, 9L piston accumulator as the liquid CO2 reservoir.  
A tandem cylinder pump was used to force seawater into one side of 
the piston accumulator. This pumping action served to drive the 
internal piston and expel liquid CO2 from the other end.  The use of 
these pumps freed us from the volume restrictions imposed by the size 
of the ROV hydraulic system reservoir and also served to provide us 
with a precise volume measurement of the amount of liquid CO2 
dispensed.  This device served us well for both our first benthic CO2 
release study3, and subsequent droplet experiments at mid-water 
depths4. 

The desire to conduct experiments with volumes several times 
larger than the 9L capacity of our steel accumulator system, yet 

wanting to avoid wasting valuable ROV dive-time ferrying liquid CO2 
to the sea-floor, led us to develop a larger system limited only by the 
ROV payload capacity in terms of weight and size.  This system 
consists of a carbon-fiber composite piston accumulator of 56L 
internal capacity constructed by Hydratech, Fresno, CA.  At 23 cm 
outside diameter and 194 cm length, it is close to the largest object the 
ROV can contain within the tool-sled.  Yet the use of a carbon-fiber 
reinforced fiberglass composite for construction of the accumulator 
barrel provided sufficient strength (3000 psig rating) at a fraction of 
the weight of a steel cylinder of comparable size. 

Tandem cylinder pumps were used to actuate the 56L CO2 
accumulator as was done previously.  In order to have both fine 
control of small volumes of liquid CO2 dispensed, and the capacity to 
deliver larger volumes relatively quickly, we choose to use two 
tandem cylinder pumps: one of 128mL capacity and a second of 
970mL capacity.  The two pumps also provide a level of redundancy 
to successfully complete a CO2 deployment should either of the 
tandem cylinder pumps fail to function during a dive. 

 
Deep-sea Releases.  We have now completed several release 

experiments using the 56L piston accumulator at depths of 3000m and 
deeper.  Our initial attempt using this system was at a site 153km west 
of Moss Landing, CA, at a water depth of 3604m.  We made several 
deployments of 10-20L aliquots of liquid CO2 into plastic “corrals” 
made of 50cm, pipe cut to 12cm lengths (Figure 1).  One of these 
corrals occupied the field of view of our deep-sea time-lapsed video 
camera so “continuous” observations could be made for several 
weeks.  In addition, we repeated the beaker experiment3 at this site.  
All told six delivery dives were made successfully. 

 

 
 

Figure 1.  A “corral” filled with liquid CO2 at 3604m water depth and 
1.55ºC.  Notice that the strong surface tension precludes the liquid 
CO2 from completely covering the bottom of the corral. 

 
Our second series of CO2 releases using the 56L accumulator 

system occurred at a site 100km southwest of Moss Landing, CA, 
with a water depth of 3322m.  This time, 30cm deep corrals were 
used and the time-lapse video camera was deployed to make long-
term observations.  Additionally, an attempt to measure the surface 
strength of the hydrate skin was made.  Only two delivery dives were 
made at this site.  Both were successful and on the last we delivered 
the maximum theoretical volume of liquid CO2 that could be 
contained within the CO2 piston accumulator. 

In all of these experiments, pH measurements were made near 
the liquid CO2 seawater interface both inside the CO2 containers 
(beakers and corrals) as well as outside the containers in ambient 
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seawater using a Sea-Bird SBE-18 pH probe (Figure 2).  These pH 
measurements were made inside the containers by moving the pH 
probe with the ROV manipulator arm as well as several meters up-
stream or down-stream of the corrals by relocating the ROV. 

 

 
 

Figure 2.  Sea-Bird pH probe (SBE-18) measuring ambient pH within 
a few cm of a pool of liquid CO2 at 3604m depth. 

 
Results 

Unlike the smaller steel cylinder reservoirs which were easily 
filled with liquid CO2, the carbon fiber composite cylinder required a 
different protocol to completely fill it with liquid CO2.  The steel 
cylinders can be easily cooled, either with flowing water or packed in 
ice, to facilitate the transfer of heat from the cylinder and 
condensation of liquid CO2 inside.  However, the carbon fiber 
composite does not allow this easy removal of heat, so the CO2 has to 
be transferred as a cooled liquid and kept under pressure at all times.  
This required a delicate balancing of the CO2 delivery into one side of 
the piston accumulator along with the venting of water from the other 
side.  If the piston was allowed to move too quickly, or if the internal 
pressure of the system dropped below the vapor pressure of the liquid 
CO2, then a gas pocket formed inside the accumulator and incomplete 
filling resulted. 

Because of the compressibility of liquid CO2, the volume of CO2 
delivered at-depth is dependent upon both the ambient PT conditions 
at-depth and the temperature and pressure of the liquid CO2 at the 
time the accumulator is filled.  The colder the liquid CO2 is during the 
filling operation, the greater volume that will be available for release 
at depth.  Theoretical delivery volumes for the 56L accumulator at 
two release depths are given in Table 1. 

 
Table 1.  Theoretical Delivery Volumes (L) for 56L Cylinder 

 
Fill T (ºC) at 900 psig 3200m, 1.60ºC 3600m, 1.55ºC 

   
12 46.7 46.1 
16 45.0 44.4 
20 42.8 42.2 

 
 

Behavior of the liquid CO2 released at depth varied from 
experiment to experiment and even between different corrals during 
the same experiment.  The spontaneous over-flow of liquid CO2 from 
a 4L beaker due to the rapid formation of CO2-hydrate observed in 
our initial CO2 deployment3 during 1998 was not observed.  However, 
other dramatic behavior was observed.  At the 3604m site, CO2 

hydrate formed overnight within the sediment at one of the corrals 
creating a massive “frost-heave” (Figure 3), yet a similar corral 
nearby, showed no such behavior.  The reason(s) for this stochastic 
behavior elude us, however it does suggest that minor changes in the 
conditions of deployment leads to different outcomes. 

 

 
 

Figure 3.  CO2-hydrate frost heave that formed overnight. 
 
The dissolution rate of the liquid CO2 was measured in two 

separate experiments.  In one, we observed the slow decrease in the 
level of the liquid CO2 pool inside a corral using the time-lapse video 
camera system.  From this change in volume across a fixed surface 
area a crude approximation of the CO2 dissolution rate  of 0.2 
µmol/cm2/sec was made. In the second experiment, a pH probe was 
inserted about 10 cm into a pool of liquid CO2.  Because of the strong 
tensile strength of the CO2 hydrate skin, the liquid CO2 did not flood 
the trapped volume, but instead a well containing ambient seawater 
was formed.  From the observed change in pH as a function of time a 
dissolution rate of 1.8 µmol/cm2/sec was calculated.  There are 
obvious uncertainties in both of these determinations, but as first-
approximations they may prove useful to guide future work on deep 
ocean CO2 sequestration. 
 
Conclusions 

It is now possible to deploy up to 46L of liquid CO2 from a 
single ROV dive to depths of 3000-4000m.  From initial dissolution 
rate measurements, we can expect that small pools (50cm dia., 10-
20cm depth) of liquid CO2 will have lifetimes on the order of a few 
weeks.  This lifetime is sufficient to meet the needs of various benthic 
biology and geochemistry experiments. 
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Introduction
In recent years, considerable effort has been devoted to

investigating non-atmospheric storage of anthropogenic CO2
emissions [1,2]. Deep ocean disposal (>500 m depth) is being
considered as one option for long-term storage of large quantities of
CO2.  The capacity of the Earth’s oceans for CO2 sequestration has
the potential to exceed that of all other alternatives [2].

Such a serious action as large-scale CO2 sequestration requires
extensive and thorough investigation of all aspects of the process,
including CO2 fluid particle behavior after injection. Predicting the
behavior of liquid CO2 injected into the ocean at depths greater than
500 m is complicated by formation of crystalline CO2 clathrate
hydrate. Hydrate can form as discrete particles or as shells on CO2
drops and significantly affects mechanical and chemical particle
behavior (buoyancy, dissolution
rates, etc.) [3]. Experiments in
the ocean are very expensive
and difficult to perform.  It
would be preferable to use
laboratory facilities designed to
simulate the deep ocean.

A previous publication [3]
described the initial efforts of
the National Energy Technology
Laboratory (NETL) of the U.S.
Department of Energy to
develop experimental units
intended to model direct ocean
sequestration. We discussed
some aspects of the development
of a High-Pressure Water
Tunnel Facility (HWTF) and
outlined steps for design
optimization. Assembly of the
HWTF is now complete, and
experiments with CO2 droplets
will soon be initiated. This
paper describes recent design
optimization efforts.

The HWTF
The water tunnel associated

with the HWTF is depicted in
Figure 1. It consists of a test
section integrated into a closed
flow loop with a centrifugal
variable-speed pump and control
valves for precise water
circulation control; a syringe
pump to generate and control
high pressure in the system; and
a chiller for cooling the system
to deep-ocean temperatures. The

pressurized components are located in a securely-isolated and
structurally-reinforced room. Observations and control of all the
system components are performed from a control room computer by
means of programs developed using Labview software from National
Instruments.

Two conical test sections allow stabilization of either a rising or
sinking fluid particle by countercurrent flow. Several ports on
different levels of the test section serve for fluid/gas injection into the
system. For direct observation of fluid particle behavior, as well as
for automatic control of the particle motion, both conical sections
have two pairs of windows. The HWTF can operate under pressures
up to 350 bars and temperatures down to the freezing point of the
circulating fluid.

Experiments in the HWTF will be more cost effective than
direct experiments in the ocean; however, there are legitimate
concerns about being able to adequately simulate fluid particle
behavior in such an experimental facility.  Therefore, it is important
that the design and operation of the unit minimizes any unnatural
chemical or physical behavior.

The parameters most easily set to real ocean conditions include
water salinity and alkalinity, pressure and temperature. For salinity
and alkalinity, natural or artificially constituted ocean water can be
used. The pressure and temperature in the system can be varied
during the experiment to simulate that experienced by a particle
rising or sinking in the ocean. It is more challenging to simulate the
level of dissolved CO2. Finally, the most significant concern is the
dynamic behavior of a particle in a relatively small pipe (ID=51-
75mm); that can be strikingly different from its free ocean
counterpart. This last issue is discussed below.

Discussion
Reference 3 describes a Low-Pressure Water Tunnel Facility

(LWTF) designed and operated at NETL. The LWTF serves as a
benchmark system to test fluid particle behavior for various test
section designs and flow conditions. It is also used to develop and
evaluate theoretical models of the system. The section below
describes some experimental results on the LWTF unit and their
applicability to the HWTF.

Flow conditioning elements are used to provide a desired
velocity profile for lateral stabilization of a fluid particle in the test
section. They are composed of a bundle of small (from 1/9 to 1/15 of
pipe ID) straws of different length located in the straight pipe above
and below the test section. The central part of the conditioner
typically has longer straws, causing a local velocity minimum in the
center of the pipe (for more details see Reference 3). An automated
traversing Pitot tube system was used to determine the velocity
profiles in the test section.

Figure 2 displays the development of a representative velocity
profile downstream of the flow conditioner. The length of the region
adjacent to the conditioner outlet where the influence of individual
jets from the straws is pronounced depends on the flow rate and straw
diameter. This zone of active mixing and high shear rates should be
avoided by the fluid particles. For example, in the experiment
depicted in Figure 2, a particle should be kept at a distance of at least
2 pipe ID’s (D = x1) from the conditioner. However, a problem will
also arise if the particle is too far away from the conditioner outlet
and the desired profile is lost. Fortunately, the development length
for a single straw (order of centimeters) is much less than the
development length for the whole pipe (order of  a meter). Therefore,
these data show that the desired velocity profile can be achieved and
the high-shear region avoided.

 In the process of this research, concepts on the shape of  the
optimal velocity profile underwent significant evolution. Early flow
conditioners were designed to stabilize an air bubble. The properties
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of air (negligible
density compared to
water) required a
design with a deep,
narrow well in the
velocity profile at the
center of the pipe.
Though these
conditioners managed
to keep the bubble
relatively stable near
the pipe axis, they did
not provide a good
simulation of particle
behavior in the
oceanic environment.
The narrow velocity
well restricts natural
lateral motion of a
particle, which often
occurs as a particle rises in water in geometries with negligible wall
effects [4]. In addition, the high velocity gradients of the narrow
velocity well, can alter flow patterns around the particle compared
with flow in the open ocean. These altered flow patterns can cause
unrealistic heat and mass transfer and material shaving from the
particle. They may also affect hydrate formation and dissolution
kinetics.

The purpose of more recent flow conditioners was to provide a
wide velocity well with relatively low-velocity gradients near the
center. Such a profile would keep a particle away from the wall and
at the same time allow some freedom of lateral motion. The
maximum velocity gradient in the profile should also be kept as small
as possible to minimize deviation from natural heat and mass

transfer. Figure 3 depicts velocity profiles for 3 similar conditioner
designs. They were obtained by progressive shortening (from
conditioner 1 to 3) of the central section of straws. In light of the
above factors, conditioner 3, with the  flattest central part and lowest
velocity gradient, would be the most preferable.

 These conditioners were used to stabilize a particle of vegetable
oil (Specific Gravity ≈ 0.91). Oil particles with an equivalent
diameter in the range of 0.3 cm to 1 cm were successfully kept in the
test section for several hours (equivalent diameter of a non-spherical
particle is defined as the diameter of a spherical particle with the
same volume).

Under certain assumptions, the behavior of a liquid particle in a
fluid flow may be uniquely defined by two dimensionless parameters,
the Eotvos and Morton numbers [3]:

γρ /2
egDEo ∆=  and )/( 34 ργµρ gMo ∆= ,

where ρ and µ – fluid density and viscosity, ρ∆ – particle-fluid
density difference, γ – interfacial surface tension on particle liquid

boundary, eD – equivalent particle diameter. These two parameters
for an oil particle in LWTF are relatively close to the values for a
CO2 particle at the depth of approximately 1000 m. For example, for
a particle with an equivalent diameter of 4 mm, the dimensionless
numbers for both cases fall into the range: 75.06.0 −≈Eo  and

10105.15.0 −×−≈Mo .  The full range of these parameters for

physical systems is 100001.0 −≈Eo  and 512 1010 −≈ −Mo , and
rising velocity dependence from these parameters is rather
monotonic. Hence, we expect that behavior of both particles will be
very similar. Therefore, model experiments with vegetable oil in the
LWTF are used to mimic the behavior of CO2 drop in the HWTF.

For proper simulation, the size of a fluid particle must not only
be significantly smaller than the pipe diameter, but also the width of
the ‘velocity well’. In particular:

pipee DD << , ave uDyu <<∂∂ )/( ,

where u  and yu ∂∂ /  are the axial velocity and its gradient at the
position of the particle.  This will help to minimize the wall effects,
as well as lateral particle migration caused by velocity profile
gradients.  Since the lift force is proportional to some powers of
particle size and velocity gradient, even low gradients can cause
significant lift on relatively large particles. Based on the profile
shapes from Figure 3 and noting that the pipe diameter in the
stabilization area is about 6 cm, we expect that a suitable size for the
particle would be about 0.5 cm (particle cross section area / pipe
cross section area < 1%).

In the LWTF with the velocity profiles shown in Figure 3, we
also noticed differences in the behavior of solid and liquid particles
of the same volume. An oil particle with an effective diameter of
about 1-1.5 cm successfully remained in the central part of the pipe,
close to the location of the local velocity minimum. Solid particles of
the same diameter tended to stabilize away from the pipe center.

Unfortunately, there have been no systematic experimental
studies devoted to buoyant solid or liquid particle behavior in vertical
pipe or channel flows. Thus, systematization of such a behavior and
attempts to reveal its mechanisms are interesting and challenging
theoretical and experimental studies. An additional complication is
possible if a thin hydrate shell forms on a CO2 particle. Such an
encased particle is intermediate between a solid or liquid particle and
its behavior will likely differ from both.
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 Figure 3.  Effect of conditioner size on velocity profiles.
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Introduction
The idea to store CO2, recovered from power plants, in the deep

ocean1 has been a promising measure to mitigate the global warming
especially after the Third Conference of the Parties (COP 3) held in
Kyoto, December 1997, because the achievement of Kyoto Protocol
was thought difficult only by conventional measures such as the
energy saving and the forestation.  This CO2 ocean sequestration can
be divided into two categories, that is, the dissolution (or dilution)
method and the storage method.

In the former method, CO2 droplets are released in mid depth of
1000 to 2000 meters where CO2 is lighter than seawater, and they
completely dissolve before reaching phase change boundary of about
400 meters depth. The sequestration term is expected to be the order
of hundred years, which depends on the release point and the depth.2

On the other hand, in the latter method, CO2 is stored in a
depression on the ocean floor deeper than 3500 meters where liquid
CO2 is heavier than CO2 saturated seawater.  Its sequestration term is
expected to be longer than a few thousand years equivalent to the
vertical circulation term of the ocean.3  It is a shortcoming of this
method, however, to send CO2 deeper than the former method.

The Maritime Research Institute (NMRI, the former name of the
Ship Research Institute) had investigated the various aspects of the
latter method in the last decade.4-15  And in 1998, the authors
proposed a system to overcome the above mentioned shortcoming of
the storage method.16,17  This system called as COSMOS, CO2
Sending Method for Ocean Storage, is characterized as cold release
of large CO2 droplets with about 1 meter diameter into rather shallow
waters such as 500 meters depth, where CO2 colder than -30 Celsius
is heavier than the ambient seawater and sinks to the ocean floor
although being warmed up by the heat transfer from seawater.

In order to get the basic data prior to the development of the
real COSMOS, an international joint research with University of
Bergen supported by the NEDO (New Energy and Industrial
Technology Development Organization) was started in 1999.18  And
parallel with this research, two in situ experiments with the Monterey
Bay Aquarium Research Institute (MBARI) were also conducted in
1999 and 2000 to confirm the performance of manufactured trial cold
CO2 release nozzle.19  Through the process of the joint research with
University of Bergen, it was found that Taylor type instability20 on
the interface were too strong for a large cold CO2 droplet to keep its
shape, although ice and hydrate layers covering cold CO2 droplet had
been expected to support its shape.21 From the latest in situ
experiment with the MBARI, CO2 slurry, that is, mixture of solid
CO2 (dry ice) and cold CO2 of -55 Celsius, showed its capability to
prevent from breaking up during sinking process.

Then the authors proposed a new COSMOS22 modified from the
original one, in which CO2 is released as slurry balls into much
shallower depth such as 200 meters.  The New COSMOS, which is
much easier to be realized because the limit droplet size is about 40
% of the original COSMOS, has another advantage that it can be
applied to the dissolution type as well as the storage type.  Moreover,

the cost is also expected to be drastically reduced due to shallower
release depth that requires a shorter pipeline equivalent to the length
of CO2 carrier, which means no troublesome connecting works on the
ocean.

Concept of COSMOS
CO2 carriers are required when we apply the storage method

because the potential sites deeper than 3500 meters are too far for a
pipeline to be laid down from the land.  And liquid CO2 transported
by a carrier should be cooled down to -55 Celsius to reduce the tank
pressure as much as possible (The triple point of CO2 is -56.6
Celsius).  Such cold CO2 is heavier than the seawater even in rather
shallow sea.  If a CO2 droplet released into 500 meters depth is lager
than a certain diameter, which depend on the temperature of CO2, it
sinks to the storage site beyond 2700 meters depth where the density
of CO2 in thermally equilibrium (the same temperature) is the same
as that of the seawater.  Paying attention to this nature of cold CO2,
the NMRI proposed an innovative CO2 sending method, COSMOS,
and got a Japanese patent in March 1999.  Figure 1 shows the
conceptual drawing of COSMOS, which was expected to solve the
above-mentioned shortcoming of the storage method.

The temperature of liquid CO2 released into the shallow sea is
-45 to -30 Celsius that depends on the thermal insulation of riser tube
from the CO2 carrier.  When such cold CO2 is released into the
seawater, a CO2 droplet will soon be covered with ice layer and CO2
hydrate membrane.  These were expected to prevent the break up of a
large droplet into small droplets but they will make difficult to
release smoothly and steadily large CO2 droplets from the nozzle.
Therefore, the technical breakthrough to realize the COSMOS was
thought as the development of CO2 release nozzle.

Then in 1999, the NMRI started an international joint research
with the University of Bergen to get the basic data to develop the
release nozzle for cold CO2, under the auspice of the New Energy
and Industrial Technology Development Organization (NEDO).18

 

 

Figure 1. Concept of COSMOS proposed in 1998.
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Figure 2.  Original trial CO2 release nozzle.

Figure 3. Temperature and pressure monitors mounted on the second
trial nozzle.

In 1999 and 2000, the NMRI and the MBARI also conducted two
joint in situ experiments to confirm the function of trial CO2 release
system.

Land Experiments
To ensure the success of in situ experiments with the MBARI,

some land-based experiments with a mock liquid and cold CO2 were
conducted for original and second trial nozzles.

Trial CO2 release nozzles.  Figure 2 shows the original trial
CO2 release nozzle used for the performance test at the in situ
experiment in 1999.  And Figure 3 shows the second trial nozzle
used to release CO2 slurry ball at the in situ experiment in the fall of

Glass tank
windows

(600×1400)

16
00

900
800

Mock Liquid
(CH3CF2CHCl2+
CClF2CF2CHC1F)

Trial CO2 release system

Water (3~4℃)

Figure 4.  Layout of atmospheric simulation experiment.

Figure 5.  Cold mock liquid just flowed out from the chamber.

2000.  The original nozzle was designed to release CO2 in 500 meters
depth through simple two actions that the ROV pilot can easily
manipulate through the robot arm.  The volume and the diameter of
chamber to hold CO2 or mock liquid were 2.16 liters and 10 cm,
respectively.  The total weight including frames was about 60 kg,
which was smaller than the weight limit of the ROV, 113 kg (= 250
lbs).

The second nozzle, of which specifications were almost the
same as the original one, was not only improved in its thermal
insulation to keep CO2 cool enough until its release but also the
temperature and pressure monitoring devices were installed.

Mock liquid experiment.  Because the saturation pressure of
CO2 at room temperature (≒20 Celsius) is 5.8 MPa, an appropriate
mock liquid was required to check the performance of the
manufactured CO2 release nozzle at atmospheric pressure.  Then
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Figure 6.   Large test tank for trial CO2 release nozzles.

considering the properties of density, specific heat, boiling and
solidification points, surface tension and noxiousness, Asahi-Kurin
AK-225 (mixture of CH3CF2CHCl2 and CClF2CF2CHClF) was
selected as the mock liquid for simulation experiment (specific
density: 1.55, specific heat: 1.00 J/(gr･K), boiling point: 54 Celsius,
solidification point: -131 Celsius, surface tension: 16.2 mN/m, weak
noxious).  Figure 4 shows the layout of atmospheric simulation
experiment.  And Figure 5 shows the scene that the cold mock liquid
just flowed down from the opening of the chamber.  As shown in this
figure, the mock liquid was pushed out as one mass following the
sinking lid of the chamber but not covered with ice layer although it
was initially cooled down to about -60 Celsius.  And the liquid mass
broke up into small droplets in a several seconds. Its small specific
heat (about a half of CO2, about a quarter of water) was thought to be
not enough to form thick ice layer so fast that the shape of large
droplet was kept one mass.

Tank experiment with CO2.  A large tank made of stainless
steel, of which main specifications are 5 MPa, 1.0 meter diameter and
3.0 meters height, was manufactured to confirm the perform-ance of
CO2 release nozzles, prior to shipping it to the MBARI.  Figure 6
shows the large tank fixed at the pit.  The tank and the foothold for
the experiment were enclosed with thermal-insulated room of which
temperature was controlled from 5 to 20 Celsius by an air-
conditioning system.

Figure 7 shows the scene that the cold CO2 melted from dry ice
was pushed down from the original release nozzle.  It was seen that
some liquid CO2 was drown by the falling lid and other CO2 followed
it.  Comparing Figs 5 and 7, the ratio of drown liquid in case of CO2
seems larger than the case of mock liquid.  Figure 8 shows a lot of
ascending small CO2 droplets that might have been broken up from
heated CO2 mass once fell down to the bottom of tank.  Figure 8 also
shows an ice horn (hollowed icicle) appearing after almost CO2 was
discharged, which implies that cold CO2 has enough cold heat
capacity to make hard ice layer around CO2 mass.

The results of simulation tests with the mock liquid and CO2
suggested that the heat transfer rate to form ice layer on the cold CO2
might not be fast enough to form strong ice layer to keep the shape of
a large CO2 mass against Taylor type interface instability, although
the heat capacity of cold CO2 is enough to form thick ice.

Figure 7.   Cold CO2 pushed down from the release nozzle.

Figure 8.  Ascending small CO2 droplets broken up from heated CO2
mass and hollowed icicle.

In Situ Experiments   
Experiment with original release nozzle.  On October 12,

1999, using the original release nozzle shown by Fig. 2, an in situ
CO2 release test was conducted in Monterey Bay as the 2nd joint
experiment with the MBARI.23  Figure 9 shows the original CO2
release nozzle mounted on the ROV, Ventana. It took about one hour
to charge CO2 into the chamber and to bring it down to the release
point by the ROV.  The thermal insulation of the release nozzle,
which was tested before shipping the nozzle to the MBARI, was not
enough for cold CO2 release.  So the temperature of CO2 in the
chamber increased to the same level of the ambient seawater when
reached the release depth of 450 meters.

Figure 10 shows that CO2 was released as one mass from the
nozzle, but as shown in Figure 11, CO2 mass was broken up in a few
seconds to a lot of small CO2 droplets which might be covered with
hydrate membrane and ascended around CO2 release nozzle.

The basic performances required to a cold CO2 release nozzle,
that is, two simple actions for the initiation of CO2 release, were well
demonstrated at the in situ experiment with the original release
nozzle, but the capability to release cold CO2 mass, which was
expected to be covered with thick ice layer, was not achieved.

Experiment with improved release nozzle.  The second CO2
release nozzle was manufactured, considering the defects found in
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Figure 9.  CO2 release nozzle mounted on the ROV, Ventana.

Figure 10.  CO2 mass just released from the nozzle.

Figure 11.  Ascending CO2 droplets covered with hydrate.

the above-mentioned in situ experiment.  That is, the thermal
insulation was improved by covering it thick with air-containing cast
plastic and monitoring devices for the temperature and pressure in the
chamber were attached.

On October 5 and 6, 2000, two cold CO2 release trials were
conducted at the same water as before.  Figure 12 shows the
improved release nozzle mounted on the ROV.  After checking
carefully the valves and devices of the nozzle with 2 kg of dry ice,

Figure 12.  Improved release nozzle mounted on the ROV.

Figure 13.  A CO2 slurry mass (8 cm) sinking at 0.3 m/s.

the ROV sank to 500 meters depth in about 15 minutes, which was
almost two times faster than the usual sinking rate.  This time, the
thermal insulation was improved so much that almost CO2 was kept
as dry ice when arriving at the release point of 500 meters depth.

At the first trial on October 5, being thought worth to observe
the behavior of released dry ice mass, cold CO2 almost consisting of
dry ice was released by the simple two actions of robot arm explained
above.  The dry ice ball with about 10 cm diameter sank so fast that
the ROV could not catch up with it.  Only the release and very first
sinking scene was recorded.

At the second trial on the next day, after two-hours wait at the
releasing depth for warming up of CO2, 2 kg of cold CO2 including
some dry ice was released as the same manner as before.  And melted
and warmed CO2, which occupied in the upper space of the chamber,
followed the cold CO2 and broke up into small droplets ascending in
the ocean. The content of dry ice in the cold CO2 mass was estimated
about 50 % from the sinking rate that the ROV could catch up with.
Figure 13 shows the scene that a CO2 slurry mass with 8 cm diameter
sank in around 530 meters depth at the rate of 0.3 meters per second.
As shown in Fig. 13, CO2 slurry was coated with thick ice layer.
From the video image during sinking process of this slurry mass for
about four minutes while the ROV could follow, it was confirmed
that this ice layer had enough strength to prevent from breaking up to
small slurries.  Thin hydrate layer should also form between CO2
slurry and ice layer, but it was not observed due to its thinness and
transparency.  It was observed that some part of melt CO2 due to
heating up by ambient seawater leaked upward
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Figure 14.  Depth and velocity of a sinking slurry ball.

(a) Just before breaking

  (a) Just after breaking
Figure15.  Deformed and breaking CO2 mass covered with hydrate
film.

from the slurry.  This volume increase came from the fact that the
density of dry ice is about 1.4 times larger than cold liquid CO2.

Figure 14 shows how the depth and velocity of the slurry mass
observed in the second trial change with lapse of time.  It was shown
that the slurry once reached 548 meters depth at 150 seconds but it
began to ascend, which means the slurry mass was heated up during
150 seconds descent and lost its negative buoyancy.  During ascent,
the ice layer continued to shrink and at 240 seconds it broke up to
small CO2 droplets covered with hydrate membrane.  Just before
breaking up, curious movement of CO2 mass due to changes of
surface tension was seen.  Figure 15 shows its deformed shape
during such unique movement.  The size of broken up droplets is 2 to
3 cm, which can dissolves in the ascent less than 1000 meters.

Proposal of New COSMOS
Results of land-based and in situ experiments.  Through

several land-based experiments and two in situ experiments the
following results were obtained:
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Figure16.  Behavior of a CO2 slurry ball released into 100 meters
depth

(1)The basic skill to release small amount of cold CO2 (2kg) to 500      
meters depth was established.  

(2)Simulation of cold CO2 release using a mock liquid was difficult
because no liquid having the same properties as those of CO2.

(3)The heat capacity of cold CO2 is enough to form thick ice layer to
protect a cold CO2 droplet.

(4)But the surface instability of a cold CO2 (Taylor type instability)
was so large that thick ice layer was difficult to form before
released CO2 mass broke up.

(5)Only CO2 slurry (mixture of dry ice and cold CO2) can sink in
the ocean without breaking up.

(6)It might be possible to realize the original COSMOS proposed in
1998, but it should be much easier to release CO2 as slurry balls.

Motion of CO2 slurry ball in the ocean.  Considering above results,
the authors would like to propose another CO2 Sending Method for
Ocean Storage, new COSMOS, in which CO2 will be released as
slurry balls instead of cold CO2 droplets.  In case of slurry release,
the required depth is 100 to 200 meters, much shallower than 500
meters the original COSMOS requires, because cold heat capacity of
a slurry ball is larger than a cold CO2 droplet and melt CO2 is
expected not to be heated up before reaching the phase change
boundary, about 400 meters depth.

Figure 16 is an example of numerical simulation to show how a
CO2 slurry ball released into 100 meters depth behaves.22  The dry ice
ratio, �, was chosen as 0.5 in this simulation.  In case of 0.38 meter,
the slurry ball reaches 1950 meters then ascends, but in case of 0.4
meter, it sinks to the ocean floor through 2700 meters of density
equilibrium depth. In both cases, the temperature of slurry ball is kept
-55 Celsius, melting point of CO2, until it reaches 800 to 900 meters
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depth, far deeper than the phase change boundary, which means the
cold heat capacity of a slurry ball is enough.  At this depth, a slurry
ball becomes a cold CO2 droplet covered with thick ice layer. Then a
CO2 droplet is gradually heated up as shown in Fig. 16.  When the
temperature becomes -1.9 Celsius, the ice layer completely melts and
the dissolution of CO2 starts (the normalized weight starts to
decrease).  Heating up rate increases when ice layer disappears.  The
maximum thickness of ice layer reaches 12.5 and 13 cm for D = 0.38
meter and 0.40 meter, respectively.

Figure 17 shows the simulation result as the relation of the
depth and temperature of a slurry ball (� = 0.5, release depth = 100
meters).  From this figure, the limit size that can sink to the ocean
floor is between 0.38 meter and 0.40 meter as mentioned above.  This
size is less than 40 % of original COSMOS (cold liquid CO2
release).  The similar results like Figs. 16 and 17 were obtained by B.
Kvamme, a member of the international joint research team.24

Advantages of New COSMOS.  Figure 18 shows the concept
of new COSMOS to be applied for a Japanese patent.  The only
additional component required by new COSMOS is a refrigerator to
change cold CO2 of -55 Celsius to CO2 slurry.  When the main
engine of 200 thousand tons CO2 carrier is used for the compressor of
the refrigerator, it will take two days to make all CO2 slurry.  This
treating rate is almost equivalent to the amount of CO2 released from
five power plants of 1000 MW.  Since the volume of dry ice is 1.4
times smaller than cold CO2, the choking of pipe while making slurry
might be avoided.

The new COSMOS has the following advantages:
(1) Easy to realize.  The basic techniques to release a CO2 slurry
mass into the ocean have accumulated through in situ experiments
with the MBARI.  And it was confirmed that a CO2 slurry ball does
not break up until the ice layer covering it almost completely melts.
Therefore it can be said that the most important phenomenological
aspects of new COSMOS has been elucidated.

On the other hand, it may not be so easy to keep a large CO2
droplet as one mass, the most important requirement of original
COSMOS, because the Taylor type interface instability is so strong
for ice layer to cover the droplet before breaking, although the heat
capacity of cold CO2 droplet is large enough.
(2) Low initial cost.   As shown in Fig. 17, the CO2 slurry size to be
sent to the ocean floor is around 0.4 meter, although it depends on
dry ice ratio, �. This size is 0.4 times smaller than the original
COSMOS.  And the required pipe length is also 0.4 times (200/500 =
0.4). Such smaller sizes will result in drastic cost reduction.
(3) Low running cost.  The theoretically required pipe length is less
than 100 meter, but 200 meters pipe is recommended in the new
COSMOS for the safety.  This 200 meters pipe can be put on the
deck of 200 thousand tons of CO2 carrier.  Therefore, troublesome
works to connect a lot of pipes on the deck, which original COSMOS
and other CO2 ocean sequestration methods require, can be avoided.
 (4) Applicable to the dissolution method.   Considering the facts
that a CO2 droplet breaks up to small ones just before complete
melting of the ice layer which covers the droplet and broken up
droplets are so small that they can dissolve before reaching the phase
boundary depth of about 400 meters, the new COSMOS can be
applied to the dissolution method as well as the storage method.  That
is, if the dry ice content, �, and the slurry size are well controlled, we
can optionally choose the depth that the CO2 slurry released in 200
meters depth turns back.  Moreover, if we set the turn-back depth to a
little bit shallower and deeper than the neutral depth of around 2700
meter, the full depth from the ocean floor to the phase boundary can
be used for the CO2 dissolution field, which makes the maximum
CO2  concentration  the  lowest.  Figure 17 also suggests that the
application to the dissolution method is not difficult.
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Figure17.  Relation of the depth and temperature of a slurry ball
(� = 0.5, release depth = 100 m).
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Figure18.  Concept of new COSMOS, in which CO2 is released as
slurry balls.

Conclusions
Through various types of land-based and in situ experiments

with the MBARI, it was found that the development of a cold CO2
release nozzle, which was thought to be a breakthrough technology to
realize the COSMOS proposed in 1998, was not necessarily easy.
Moreover, the last in situ experiment and the numerical simulation
for a CO2 slurry mass release suggest that the release of CO2 as slurry
mass was much easier than cold liquid CO2 release.  Then the authors
proposed a new COSMOS in which CO2 transported by a CO2 carrier
is released as slurry masses into 200 meters depth.

The new COSMOS has several advantages compared to the
original COSMOS and other CO2 ocean sequestration methods
proposed so far.  That is, the new COSMOS is easy to realize and
requires low initial and running costs. And when applying the new
COSMOS to the dissolution method, the full depth from the ocean
floor to the phase change boundary can be utilized for the dissolution
field, which results in the lowest CO2 concentration.
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Introduction 
 
Direct injection of CO2 into the ocean has been proposed as a means 
for carbon sequestration because the ocean has a large storage 
capacity for carbon (Herzog, 1998; Audus, 1997, Brewer et al., 
1999).  A fraction of the CO2 injected into the ocean will eventually 
repartition back into the atmosphere.  However, depending on the 
depth of injection as well as the subsequent interaction of CO2 with 
seawater, CO2 residence time in the ocean can be on the order of 
several hundred years leading to significantly reduced peak levels of 
atmospheric CO2 (Herzog et al., 1997). 
 
One of the proposed methods for direct ocean injection is to release 
liquid CO2 at intermediate ocean depths between 800 and 1500 m, 
forming a rising plume of CO2 droplets.  To prolong the residence 
time of the injected CO2, the injection depth for the droplet plume 
must be sufficiently great to allow for complete dissolution of the 
CO2 into the surrounding seawater before the droplets reach depths 
of ~0.5km where pressures are low enough for the CO2 to gasify and 
more rapidly partition back into the atmosphere.  Another approach 
is to perform injections at depths greater than 3000 m where CO2 is 
denser than seawater.  CO2 released at these depths will sink through 
the water column resulting in increased residence time and 
improvement in the overall efficiency of ocean carbon sequestration 
by direct CO2 injections.  However, this improved efficiency comes 
with implementation costs and energy requirements that increase 
significantly with injection depth.   
 
The objective of the research described here is to develop a new 
technique for direct ocean CO2 injection in which CO2 can be 
disposed at ocean depths of 1000 to 1300 m in the form of a water/ 
CO2/hydrate composite stream.  Produced by intense in-line mixing of 
CO2 and water, this composite stream can be negatively buoyant, 
prolonging the residence of injected CO2 in the ocean and improving 
the overall efficiency of ocean carbon sequestration by direct CO2 
injection.   
 
Experimental Methods 

 
Experiments were conducted to test the concept of promoting CO2 
hydrate formation by mixing water with CO2 in a discharge pipeline.  
A co-flow injector was designed and set up in the ORNL Seafloor 
Process Simulator (SPS), a 70-L, temperature controlled, high-
pressure vessel designed for simulating conditions at intermediate 
ocean depths (Fig. 1; Phelps et al., 2001).  The injector (Fig. 2) 
consists of an internal capillary tube located at the center of an outer 
tube, where the inner and outer tubes are for water and CO2, 
respectively.  The mixing zone, as shown in Fig. 2, is the space 
between the ends of the inner and outer tubes. In a typical 
experiment, the SPS was filled with water, pressurized up to a 

predetermined level (10 to 13 MPa, corresponding to ~1 to 1.3 km 
depth) then cooled in a temperature-controlled room down to the 
experimental temperature. (4-7ºC).   Liquid CO2 and water were then 
delivered through the injector using syringe pumps at predetermined 
flow rates ranging from 15-25 mL/min and 4-20 mL/min, respectively.  
Vessel pressure increased slightly (less than 0.5 MPa) during the 
injection experiments, or was kept constant using a backpressure 
regulator.  The stream issuing from the injector was then observed and 
recorded by a video camera through one of the 5-cm diameter 
sapphire windows on the SPS.      
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Figure 1.  The ORNL Seafloor Process Simulator (SPS). 
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Figure 2.  Schematic of the co-flow injector for producing a 
water/CO2/hydrate composite stream. 
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Results and Discussion 
 

Using the co-flow injector at varying flow-rate ratios of water and 
CO2, we obtained a paste-like stream (Fig. 3) under conditions typical 
of intermediate ocean depths (1-1.3 km).  The produced stream 
maintained its cylindrical shape and remained fairly intact when 
released from the injector, occasionally breaking up into cylindrical 
sections.   For a given ambient pressure, the stream was negatively 
buoyant at certain flow rate ratios between water and CO2.  To 
eliminate the effects of jet flow that may be pushing the stream down 
in a vertically oriented injector, experiments were also conducted with 
the injector mounted horizontally in the SPS.  Negative buoyancy in 
this case was indicated by a stream that bent downward as it was 
released from the injector  (Fig. 4).  Experiments using both distilled 
and seawater showed that a negatively buoyant stream can be 
produced at pressures as low as 10.3 MPa, corresponding to an ocean 
depth of ~1 km. 
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Figure 3.  Negatively buoyant stream produced by CO2 injector 
oriented vertically in the SPS. 
 

The stream produced by our injector probably consists of a 
composite of liquid CO2, water, and CO2 hydrate where the solid 
hydrate serves as a cementing phase for the other stream components. 
Presence of water in the stream was inferred from the flow rate ratios 
between water and CO2 used to produce the stream, which exceeded 
what was required for complete conversion of CO2 to CO2 hydrate.  
It was also observed that some streams that were initially positively 
buoyant would sink some time after being released from the injector, 
or when vessel pressure was increased.  These observations indicate 
the presence of liquid CO2 trapped in the produced stream, where it 
either continues to convert to CO2 hydrate with time or becomes 
denser with increasing pressure.   
 

 Paste-like composite stream of CO2–hydrate–water 
phases injected at a pressure equivalent to 1.3 km 
of water.  The stream is negatively buoyant. 
 

 
 
Figure 4.  Negatively buoyant stream produced by CO2 injector 
oriented horizontally in the SPS. 
 
Conclusions 
 
A negatively buoyant composite stream containing CO2 hydrate, 
liquid CO2, and water at conditions simulating intermediate ocean 
depths (~1-1.3 km) was produced using a novel concept of premixing 
seawater into a CO2 stream before injection.  Such a development is 
significant because it generates a sinking stream at depths <1.5 km, 
which will prolong the residence of CO2 injected into the ocean and 
improve the overall efficiency of direct CO2 injections for ocean 
carbon sequestration.  Because implementation costs increase 
significantly with injection depth, this approach allows CO2 
injections to be performed not only with a lower risk of leakage to the 
atmosphere, but also without significant increase in operating cost 
when compared with other proposed injection methods.  
Additionally, because of its low surface-to-volume ratio, the 
produced composite stream is expected to have a slower dissolution 
rate than that of a similar volume of liquid CO2 in the form of a 
droplet plume.  The deeper the CO2 hydrate stream sinks after 
injection, the more stable it becomes internally, the deeper it is 
dissolved, and the more dispersed is the resulting CO2 plume.  This 
slower rate will reduce the potential for low-pH conditions 
surrounding the injector, thereby minimizing the negative impact of 
direct CO2 injections on the ocean environment. 
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Introduction 
 Increasing public concern related to the possible effects that 

anthropogenic emissions of CO2 may have on global climate has led 
the Department of Energy (DOE) to embark on development of a 
number of carbon sequestration processes for mitigating carbon 
dioxide.  Anthropogenic emissions of CO2 generated by the 
combustion of fossil fuels are estimated at 6 GtC/year1.  The intent of 
the Carbon Sequestration program is to significantly decrease 
emissions of greenhouse gases and stabilize atmospheric CO2 
concentrations at 550 ppm, by 2025.  Complementary to traditional 
areas of energy research, such as improving energy efficiency or 
shifting to renewable or nuclear energy sources, carbon sequestration 
will allow continued use of fossil energy, buying decades of time 
needed for transitioning into less carbon-intensive and more energy-
efficient methods for generating energy in the future.  

 Mineral carbonation, the reaction of CO2 with non-carbonated 
minerals to form stable, benign, mineral carbonates, has been 
identified as a possible safe, long-term, and unmonitored option for 
storing carbon dioxide2-7.  In this chemical approach, CO2 reacts with 
alkaline earth containing silicate minerals, such as serpentine 
Mg3Si2O5(OH)4, forming magnesite, MgCO3.  Moreover, Goff and 
Lackner have shown the economics of using magnesium silicates for 
carbonation and their abundance are well matched concerning the 
scale of CO2 storage8.  Current studies using serpentine, a Mg-rich 
lamellar hydroxide based mineral, however, requires prior 
pulverization to the mineral, removal of iron oxide, magnetite, prior to 
carbonation, and thermal activation at high temperatures (630oC) to 
successfully achieve rapid and high rates of conversion to magnesite.  
Thus, alternative chemical and mechanical methods focusing on 
surface activation of serpentine to accelerate the carbonation reaction 
efficiency have been under investigation9,10.  

The objective of our study was to use industrial solid residues 
(FBC ash and FGD spray dryer ash) rather than natural minerals, for 
investigating their potential in permanently sequestering CO2 as 
mineral carbonates.  Although not available in sufficient quantities to 
make an impact on worldwide CO2 emissions, these materials are 
readily available at low cost, easily gathered at or near energy and 
industrial sites, and readily accessible in fine particle sizes.  Use of 
these alternative feeds were envisioned to provide a faster reaction 
pathway optimizing energy management along with providing an 
immediate incentive toward the development of a high-pressure direct 
carbonation method for processing these commercial by-products.   
 
Experimental 

Mineral Carbonation Experiments   Initial proof-of-concept 
tests were conducted using samples obtained from Freeman United 
Coal Mining Company, Farmersville, Illinois, USA and Consol 
Energy, Library, PA, USA, respectively.  Carbonation reactions were 
carried out in a 1-liter Hastelloy C-2000 continuous-stirred-tank-
reactor (CSTR).  In a representative experiment, a determined amount 
of solid reactant was mixed with an aqueous bicarbonate solution (0.5 
M Na2CO3/0.5 M NaHCO3; 1.0 M NaCl) and charged into the CSTR.  
The CSTR was sealed, and purged with gaseous carbon dioxide. A 
pre-determined amount of liquid CO2 was then carefully injected 

through the side port of the CSTR.  The solid reactant/bicarbonate 
solution/liquid CO2 mixture was sufficiently agitated during both heat 
up and testing to prevent any settling of solid reactant. The 
carbonation studies were conducted at temperatures (155 &185oC) 
and CO2 pressures (75 & 115 atm) for 1 hour at an agitation speed of 
1000 rpm. At the conclusion of the test, the remaining CO2 was 
vented, and the carbonated slurry was flushed from the CSTR and 
filtered to separate solids from the aqueous bicarbonate solution.  The 
washed carbonated solid product was dried at 105oC in air overnight.  
A digital pH meter was used to determine the pH values of pre-and 
post-product solutions. 

X-ray powder diffraction (XRD)  XRD measurements of 
untreated and supercritical CO2–treated solids were carried out using 
a Rigaku DAD-IIA powder diffractometer with a Cu-Kα X-ray 
source at 40kV and 25 mA.  The powder sample was mounted on a 
glass sample holder.  The XRD patterns were recorded over a 2θ 
range of 2o to 90o and compared with the JCPDS mineral powder 
diffraction file.  

Scanning Electron Microscopy (SEM)  SEM analyses were 
performed using an Aspex Personal SEM equipped with a Noran 
energy dispersive detector enabling x-ray detection of elements with 
atomic number 6 (carbon) and greater.  Sample preparation involved 
mounting a portion of a representative sample in epoxy and polishing 
to obtain a cross section of the particles.  Polished cross sections of 
supercritical CO2-treated solid products were analyzed at an 
accelerating voltage of 20 KeV and working distance of 16-19 mm.  
Prior to analyses, samples were coated with a thin layer of carbon to 
provide an electrically conductive surface.  The samples were 
examined in backscattered electron imaging (BSI) mode coupled with 
energy dispersive spectroscopy (EDS). 
  
 
Results and Discussion  

The chemical analyses of the major components were determined 
by ICP-AES, with a preliminary preparation of acid digestion.  The 
chemical composition of FBC and FGD solid residues and their 
corresponding carbonation products are summarized in Table 1.  The 
crystalline phases of the FBC solid residue was analyzed by XRD. 
Anhydrite (CaSO4), quartz (SiO2), periclase  
 
 

 
 
Figure 1.  SEM image with EDS spectra of supercritical CO2-treated 
FBC ash (Freeman United Coal Mining Co.)  
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(MgO), lime (CaO) and hematite (Fe2O3) were identified as minor 
phases for the FBC ash (Freeman United Coal Co.) feed sample.  
XRD confirmed a trace constituent; calcite (CaCO3) was also present.  
Dolomite, CaMg(CO3)2 and calcite were determined as being the 
primary constituents in the supercritical CO2-treated FBC solid 
product.    Free CaO was identified as the primary constituent for the 
FGD spray dryer ash material obtained from Consol Energy.  XRD 
analysis coupled with a relatively high CO2 concentration of in FGD 
reaction product, confirmed CaCO3 as the major element in the 
Consol Energy FGD carbonation product. 
 

Table 1.  Chemical composition of FBC and FGD solid residues 
Oxide FBC 

Residue 
FBC 
Product 

FGD 
Residue 

FGD 
Product 

Al2O3   5.9   6.1 15.9 12.7 
CaO 27.1 22.7 31.9 23.1 
FeO, Fe2O3   6.3   5.9   3.9   3.2 
MgO   9.6   8.0   1.4   1.2 
SiO2 24.4 25.0 35.0 26.8 
Na2O   0.6   0.7   0.3   0.3 
TiO2   0.3   0.3   0.8   0.8 
P2O5   0.1   0.1   0.1   0.1 
 

     Figure 1 shows a SEM photomicrograph with EDS spectra obtained 
for a supercritical CO2-treated FBC ash (Freeman United Coal Co.).  
Although the EDS spectra are elemental, it is assumed that they are 
representative of the oxide species, unless otherwise noted.  SEM with 
EDS spectra identified a number of large grains within the 
representative sample to contain relatively high concentrations of Ca, 
Mg, C, and O with trace amounts of silica.  These particles dispersed 
throughout the mount were identified as dolomite by SEM-EDS.  
SEM-EDS analysis also showed the majority of the grains to contain 
high concentrations of silica.  These particles could represent 
unreactive quartz (SiO2). 
      Results obtained from tests investigating the mineral carbonation 
efficiency of FBC residues (Freeman United Coal Mining Co.) and 
FGD residues (Consol Energy) in an aqueous bicarbonate/NaCl 
solution are shown in Table 2.  Extent of reaction achieved in tests 
conducted for one hour using the FBC solid residue was 50 and 51% 
stoichiometric, respectively.  The main components of the FBC solid 
residue from coal combustion in fluidized beds, using limestone as a 
sorbent of SO2 formed during the combustion process, are those arising 
from the reaction (CaSO4), and by-products of reaction (CaO, CaCO3).  
These reactants, including CaSO4 react with the dissolved CO2 to form 
the resulting mineral carbonate.  Tests conducted with the latter feed 
(FGD residue) resulted in higher stiochiometric conversion to calcite.  
The concentration of free lime (CaO) was obvious much higher for the 
FGD residue than for the corresponding FBC solid residue. 
      The annual production rate of the FBC solid residue was estimated 
at approximately 400,000 t/year.  Based on our preliminary results and 
the composition of the FBC solid residue, the order of magnitude of 

CO2 sequestration is 15.8 wt % of the FBC residue.   Therefore, 
63,200 t CO2/year or about 17,236 t C/year could be sequestered at the 
Farmerville, Illinois complex. 
 
Conclusions 
      Preliminary results at NETL indicate direct aqueous mineral 
carbonation to be a viable technique for converting both FBC ashes 
and FGD materials into mineral carbonates.  Although the 
sequestration potential of these materials are small, the ability to 
effectively process such a stream could lead to industrial interest in the 
development of a cost effective direct aqueous carbonation 
technology.    
 
References 
1. Freund, P.; Ormerod, W.G., Energy Conversion Management; 

No. 8:S199; 1997. 
2. Seifritz, W. Nature 345, 486, 1990 
3. Lackner, K.; Wendt, C.; Butt, D; Joyce Jr. E.; Sharp, D., Energy 

20, 1153-70, 1995 
4. Walters, R.P.; Chen, Z.Y.; Goldberg, P.M.; Lackner, K.S.; 

McKelvy, M.J.; Ziock, H., Mineral Carbonation: A Viable 
Method for CO2 Sequestration; Program Plan and Approach, 
National Energy Technology Laboratory, 
http://www.fetc.doe.gov/products/ggc, 1999 

5. Dahlin, D.C.; O’Connor, W.K.; Nilsen, D.N.; Rush, G.E.; 
Walters, R.P.; Turner, P.C., A Method for Permanent CO2 
Sequestration: Supercritical CO2 Mineral Carbonation; 17th 
Annual International Pittsburgh Coal Conference, Sept.2000 

6. O’Connor, W.K.; Dahlin, D.C.; Nilsen, D.N.; Walters, R.P.; 
Turner, P.C., Proceedings of the 25th International Technical 
Conference on Coal Utilization & Fuel Systems, Clearwater, 
Florida, 153-64, Edited by B.A. Sakkestad, Coal Technology 
Association, Rockville, Md., 2000 

7. Fauth, D.J.; Baltrus, J.P.; Knoer, J.P.; Soong, Y.; Howard, B.H.; 
Graham, W.J.; Maroto-Valer, M. M.;  Andrésen, J.M.;; 
Prepr.Symp. Am. Chem. Soc., Div. Fuel Chem., 2001, 46 (1), 
278. 

8. Goff, F.; and Lackner, K.S.; Environmental Geosciences; 5, 88-
101 

9. Maroto-Valer, M.M., Fauth, D.J.; Kuchta, M.E.; Zhang, Y.; 
Andrésen, J.M.; Soong, Y.; Study of Magnesium Rich Minerals 
as Carbonation Feedstock Materials for CO2 Sequestration; 18th 
Annual International Pittsburgh Coal Conference, New South 
Wales, Australia, December, 2001 

10. O’Connor, W.K.; Dahlin, D.C.; Nilsen, D.N.; Gerdemann, S.J.;  
Rush, G.E.; Walters, R.P.; Turner, P.C.; Research Status on the 
Sequestration of Carbon Dioxide by Direct Aqueous Mineral 
Carbonation; 18th Annual International Pittsburgh Coal 
Conference, New South Wales, Australia, December, 2001 

 
 
 

Table 2.  Summary of FBC and FGD Carbonation Experiments 
Feed sample Temp., oC PCO2 , atm. Time, hrs. Carbonation solution  Pct. Stoich. 

Conv.  
FBC - Freeman 185 75 1 0.5 M Na2CO3/0.5 M NaHCO3, 1 M NaCl 50 
FBC - Freeman  155 75 1 0.5 M Na2CO3/0.5 M NaHCO3, 1 M NaCl 51 
FGD - Consol 185 115 1 0.5 M Na2CO3/0.5 M NaHCO3, 1 M NaCl 72 
FGD - Consol 155 115 1 0.5 M Na2CO3/0.5 M NaHCO3, 1 M NaCl 69 
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Table 1.  Basic carbonate aqueous chemistry reactions. 
Equilibrium constants from Langmuir  (3). 
(1)  CO2 (g) = CO2 (aqueous) 
(2)  CO2 (aqueous) + H2O = H2CO3 
(3)  CO2 (g) + H2O = H2CO3  K = KCO2 = 10-1.47 
(4)  H2CO3 = H+ + HCO3

-  K1 = 10-6.35 

(5)  HCO3
- = H+ + CO3

2-   K2 = 10-10.33 
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Introduction  
          Long-term sequestration of anthropogenic CO2 is one 
suggested approach to the reduction of greenhouse gases in response 
to concerns over global warming.   The most easily addressable source 
of CO2 is that from the generation of electric power, and particularly 
that from the coal-burning stations, since they comprise a relatively 
small number of very large stationary sources.  Coal-fired power 
plants currently account for a little more than half the total electricity 
generation.  It is unlikely that there will be a dramatic change in this 
situation in the next twenty years, not least because there is a 
considerable quantity of coal-burning electricity-generating plant in 
place that is still operational, and its retirement and replacement 
would present a considerable economic penalty. In each of the last 
three years, the coal consumed by the electric utilities in the U.S. has 
been close to 900,000,000 tonnes.  It is therefore essential that CO2 
sequestration is part of any carbon management strategy. 
          Geologic sequestration of CO2 is the subject of many ongoing 
research studies, the majority of which are aimed at injection of 
supercritical CO2 into underground formations, particularly deep 
saline aquifers.  It should be noted that CO2 represents about 18% by 
weight of the exhaust gas, or 15% by volume, and hence is relatively 
dilute.  There are significant cost penalties associated with the 
concentration of CO2 from the flue gas, compression to supercritical 
form, and subsequent transportation.  Several environmental issues 
associated with the sequestration of supercritical CO2 also cause 
concern.    These include the risks associated with leaks in the 
transport lines (since, unlike natural gas, released CO2 will 
concentrate in low-lying regions adjacent to the leak, and is not easy 
to detect), and the possibility of seeps of CO2 from the subsurface, 
potentially causing air quality (suffocation) hazards within the vicinity 
of the seep.  Characterization of the “cap rock” or upper confining 
units of the host formation must be completed to avoid areas in the 
basin where seeps may form.  The possibility of unintended 
displacement of brines as a result of continued injection of 
supercritical CO2 must also be considered. 
          Conversion of CO2 to solid carbonates offers the possibility of a 
safe, stable product for long-term carbon sequestration.  Naturally 
occurring carbonate minerals already comprise a massive carbon 
reservoir that has existed for millions of years.  Large quantities of 
these carbonate minerals are of biogenic origin.  Calcium carbonate 
can be precipitated from aqueous solution, given a suitable 
supersaturation of calcium and carbonate ions, and so the issue 
becomes one of how to produce carbonate ions rapidly from CO2 and 
H2O (1), a process which first requires the formation of bicarbonate 
ions.  One important parameter to be considered is pH, because of its 
strong effect on the proportions of the carbonic species present (2), 
and because, at low pH, carbonates will tend to dissolve rather than 
precipitate. Although carbonate could be formed rapidly at high pH, 
this would pose both economic and environmental concerns, and 
hence a process that operates at very mildly basic pH values would be 
desirable.  The rate-controlling step in the fixation of gaseous CO2 
into carbonate ions (Table 1) is the hydration of CO2 (except at high 
pH).   Thus, if a viable means to accelerate this reaction can be found, 

it should be feasible to fix large quantities of CO2 into calcium 
carbonate at moderate pH.  The solution to this problem in fact 
already exists in biological systems, in the form of a biological 
catalyst, the enzyme carbonic anhydrase.  We have, in fact, 
demonstrated proof of principle for a novel biomimetic approach to 
carbon sequestration, which uses carbonic anhydrase to accelerate the 
formation of bicarbonate ions in aqueous solution (4).  In the presence 
of suitable cations, this can then be precipitated out in carbonate form. 
 
 

  
           
 
 
           
 
 
 

 
 
Cation Sources: Brines 
          One of the issues we are now addressing is the selection of 
suitable sources of cations.  Along with seawater, and waste brines 
from desalination operations, brines from deep saline aquifers offer an 
attractive possibility.  In this context, it is important to understand the 
effects of brine flow on geologic media, both during brine extraction 
and during possible reinjection of bicarbonate-enriched brines.  A 
preliminary numerical analysis of a sedimentary basin, the Powder 
River Basin of Wyoming, has been performed.  The numerical model 
includes multiphase flow of CO2, groundwater and brine, allowing 
evaluation of residence times in possible aquifer storage sites, and 
migration patterns and rates away from such sites in the Powder River 
Basin of Wyoming.  The model has also been used to simulate CO2 
flow through fractures, to evaluate partitioning of CO2 between the 
fracture network and rock matrix.  These simulations provide insight  
regarding the ultimate propensity of permeability reduction versus 
permeability enhancement in the fracture zone associated with 
carbonate reactions.  
          A two-dimensional finite-volume model of the Powder River 
Basin cross-section SW-NE was used for all the simulation analyses.  
The model domain is 230 km horizontal by 5 km vertical, consisting 
of 5000 grid-blocks (100 horizontal by 50 vertical), each 2300 m by 
100 m.  The TOUGH2 code (5), which couples flow of heat, 
groundwater, and brine, was used for these simulations. 
          Results (Figure 1) suggest that sustained injection of CO2 may 
incur wide-scale brine displacement out of adjacent sealing layers, 
depending on the injection history, initial brine composition, and 
hydrologic properties of both aquifers and seals.  While the results 
presented here are unique to the simplified model of the Powder River 
Basin used in this analysis, they may have more general implications 
for other basins of interest for CO2 sequestration. 
          We are also using numerical simulations to evaluate and 
compare the effects of supercritical CO2 flow to the effects of 
bicarbonate solution flow on geologic media. Specifically, we are 
examining diagenetic changes and time-scales of these changes 
associated with flow of the two different fluids. For these simulations 
we are using a reactive transport model that includes coupled 
groundwater flow, heat flow, and relevant geochemical reactions. The 
model simulates mass and energy flow and subsequent chemical 
reactions induced by carbon dioxide and bicarbonate solution injection 
in the subsurface. Chemical reactions and solute transport are 
evaluated by TRANS, a simulator developed by Peter Lichtner at Los 
Alamos National Laboratory (6). Fluid and heat flow are evaluated  
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using TOUGH2, a geothermal simulator developed by Pruess at the 
Lawrence Berkeley National Laboratory (5).  A driver program for 
coupling the two codes was recently completed by co-author 
Wellman, for this study.  These simulations are being conducted for 
laboratory-scale models, with the intention that these results will be 
used for calibration of and upscaling to larger-scale hydrogeologic 
models. 
 
Catalyst Response in Presence of Toxic Metal Ions 
          The concentration ranges of various monovalent and divalent 
ions in seawater, brackish water and saline reservoir waters vary 
widely.  The levels of toxic metal ions that are emitted in flue gases 
are very carefully limited, and are extremely low (7).  Nevertheless, 
they will not be zero. In a system based on a biological catalyst, it is 
important that the catalyst still function in the presence of 
representative levels of these ions.  Satisfactory performance in 
solutions both representing, and more concentrated than, seawater has 
already been demonstrated (4).   
          Recent data provide information relating to the performance of 
solutions containing either purified bovine carbonic anhydrase (BCA) 
or live cells (modified bacteria, E. coli, expressing human carbonic 
anhydrase II (HCA II)), in the presence of a range of concentrations 
of these ions.  It is found that the amounts of arsenic, mercury or lead 
that inhibit enzyme activity are considerably higher than the amounts 
(10 or 15 µg/ton (7, 8)) that may be present in volumes of air.  Thus it 
appears that neither the live-cell nor the purified-enzyme activities 
would be significantly affected by the small traces of arsenic, mercury 
and lead that might be present in flue gases.  For both the live cells 
and the purified enzyme, activity can be seen to decrease strongly, 
however, at concentrations of these cations in the mg/ton (parts per 
billion) range.    Figure 2, for example, illustrates the activity of both 
enzyme sources when exposed to increasing concentrations of arsenic 
ions.  Arsenic may attack cell function, leading to large-scale loss of 

enzyme activity from whole cells at 29 mg/ton, whereas the purified 
enzyme shows loss of activity at 290 mg/ton.  
          The purified enzyme performs better than the live-cell enzyme 
in all experimental conditions.  The cost of pure enzyme may prove 
prohibitive, however, for industrial application, and the difference in 
activity may not seem so stark when the low cost of live cell 
production is taken into account.  Purified bovine carbonic anhydrase 
is available commercially for about US$300/gram, whereas E. coli 
cells expressing HCAII may be produced for about US$0.001/gram 
(9). 
 
 
 
 

 
Figure 2.  Activity of live E. coli cells versus purified BCA in the 
presence of arsenic ions. 
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Figure 1.  Simulation results illustrating displacement of brine 
out of a shale sealing layer as a consequence of CO2 injection 
in aquifer below.  Color contours are brine saturation in the 
sealing layer and aquifer above, grayscale contours are 
equivalent hydraulic head in the aquifer below.  Arrows are 
flow vectors illustrating flow away from the injection well. 
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Introduction
Geologic sequestration represents a promising strategy for

isolating CO2 waste streams from the atmosphere. Successful
implementation of this approach hinges on our ability to predict the
relative effectiveness of subsurface CO2 migration and sequestration
as a function of key target-formation and cap-rock properties, which
will enable us to identify optimal sites and evaluate their long-term
isolation performance. Quantifying this functional relationship
requires a modeling capability that explicitly couples multiphase flow
and kinetically controlled geochemical processes.

We have developed a unique computational package that meets
these criteria, and used it to model CO2 injection at Statoil’s North-
Sea Sleipner facility, the world’s first saline-aquifer storage site. The
package integrates a state-of-the-art reactive transport simulator
(NUFT1) with supporting geochemical software and databases
(SUPCRT922). In our Sleipner study3, we have quantified—for the
first time—the influence of intra-aquifer shales and aquifer/cap-rock
composition on migration/sequestration balance, sequestration
partitioning among hydrodynamic, solubility, and mineral trapping
mechanisms, and the isolation performance of shale cap rocks.

Here, we review the fundamental elements of geologic CO2
sequestration in saline aquifers as revealed from model XSH of our
Sleipner study3; this model, unlike CSH3 and DSH3, does not address
the complicating (yet advantageous) presence of intra-aquifer shales.

Reactive Transport Modeling of CO2 Injection at Sleipner
In the Sleipner field, CO2-rich natural gas is produced from

3500 m below the seabed. Excess CO2 is removed from the
production stream by amine absorption on the platform, then stripped
from the amine and injected—at the rate of one million tons per year
since 1996—into a saline aquifer (the Utsira) 2500 m above the
hydrocarbon reservoir.4 The 200-m-thick Utsira is a highly
permeable, fluid-saturated sandstone, which is capped by the
Nordland Shale. Hydrologic and compositional properties of the
Utsira are relatively well constrained, while those of the Nordland
Shale are virtually unknown, and must therefore be estimated.3

Our reactive transport simulations of CO2 injection at Sleipner
focus on the near-field sequestration environment. The adopted
spatial domain extends 600 m horizontally and 250 m vertically; it
contains a 200-m-thick saline aquifer (35% porosity, 3-darcy
permeability), 25-m-thick shale cap rock (5% porosity, 3-microdarcy
permeability), and an overlying 25-m-thick saline aquifer.3 Pure CO2
is injected at the rate of 10,000 tons/yr into the basal center of this
domain (37oC, 111 bars), which corresponds to a 1-m-thick cross-
section though the actual 100-m screen length at Sleipner.3,4

Compositionally, the saline aquifers are represented as impure
quartz sand (80% quartz, 10% K-feldspar, 5% plag-ab80, 3%
muscovite, 2% phlogopite), while the shale cap rock is represented as
60% clay minerals (50% muscovite, 10% Mg-chlorite), 35% quartz,
and 5% K-feldspar.3 Mg end-member components (phlogopite, Mg-
chlorite) are used to represent Fe/Mg solid solutions because in situ
oxidation states are unknown.3 The saline aquifers and shale are all
saturated with an aqueous phase of near-seawater composition.3,4

The simulations are carried out for 20 years, with equal-duration
prograde (active-injection) and retrograde (post-injection) phases.

Figure 1.  Steady-state configuration of the immiscible CO2 plume
during (A) the prograde phase after 10 years of continuous injection,
and (B) the retrograde phase 10 years after injection has ceased.

Modeling Results and Discussion
CO2 migration/sequestration balance is most conveniently

evaluated in terms of contributions from three interdependent yet
conceptually distinct processes: CO2 migration as an immiscible fluid
phase, direct interaction of the immiscible plume with formation
waters, and indirect plume interaction with formation minerals
through the aqueous wetting phase.  The first process is directly
linked to hydrodynamic trapping, the second to solubility trapping
and pH evolution, and the third to mineral trapping.

CO2 immiscible migration and hydrodynamic trapping.
Steady-state configuration of the immiscible CO2 plume during the
prograde phase is realized within one year. In the narrow, sharply
delineated plume cap zone, CO2 immiscible saturation increases from
0.55 at this time to 0.65 at 10 years (Figure 1A). The plume column
represents the main conduit of immiscible CO2 migration, while the
residual saturation zone (where immiscible CO2 is no longer a
contiguous migrating phase) marks the wake of initial plume ascent.

In the near-field environment, roughly 85% of injected CO2
remains and migrates as an immiscible fluid phase ultimately subject
to hydrodynamic trapping beneath the cap rock—a very effective seal
in this model (Figure 1). The immiscible plume establishes and
defines the spatial framework of prograde solubility and mineral
trapping. During the retrograde phase, residual CO2 immiscible
saturation (Figure 1B) effectively maintains the prograde extent of
solubility trapping and continually enhances that of mineral trapping.

Solubility trapping and pH evolution. As the immiscible
plume interacts and equilibrates with saline formation waters, intra-
plume aqueous CO2 concentration (primarily as CO2(aq) and HCO3-)
rapidly achieves the solubility limit, while pH decreases:

CO2(f) + H2O ��  CO2(aq)  +  H2O ��  HCO3
-  +  H+  .

For the present chemical system and P-T conditions, equilibrium
aqueous CO2 solubility is 1.1-1.2 molal (Figure 2A), accounting for
about 15% of injected CO2. Owing to residual saturation of
immiscible CO2 (Figure 1B), this degree of solubility trapping is
virtually constant throughout the prograde and retrograde phases.

The initial pH drop caused by prograde solubility trapping—
from 7.1 to 4.5—catalyzes silicate dissolution, which after 20 years
has increased pH from 4.5 to 5.3 (Figure 2B). This dissolution
hydrolyzes potential carbonate-forming cations (here, primarily Na,
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Figure 2.  (A) Solubility trapping and (B) pH after 20 years.

Al, and Mg) within the immiscible-plume source region, and thus
represents the critical forerunner of all mineral trapping mechanisms.

Mineral trapping. There are four distinct mechanisms whereby
CO2 precipitates as carbonate minerals.

Intra-plume dawsonite cementation (Figure 3A) is catalyzed by
high ambient Na+ concentration, plume-induced CO2 aqueous
solubility, and acid-induced K-feldspar dissolution:

KAlSi3O8  +  Na+  +  CO2(aq)  +  H2O  ��  NaAlCO3(OH)2 + 3 SiO2  +  K+

K-feldspar                                                           dawsonite      qtz+chal+crist

This kinetic reaction proceeds to the right with an increase in solid-
phase volume of 17%; hence, it leads to a slight (0.02%) decrease in
intra-plume aquifer porosity over 20 years.3 Pervasive dawsonite
cementation will likely be characteristic of saline aquifer storage in
any feldspathic sandstone. In fact, there is a natural analog for this
process: widespread dawsonite cement in the Bowen-Gunnedah-
Sydney basin of Eastern Australia, which has been interpreted to
reflect magmatic CO2 seepage on a continental scale.5

Magnesite rind forms along lateral and upper plume boundaries;
genetically distinct, these two processes can be described by:

MgCO3 (magnesite) +  2 H+   ��   Mg+2  +  CO2(aq)  +  H2O .

As intra-plume formation waters, progressively enriched in Mg+2

from phlogopite dissolution, migrate outward across lateral plume
boundaries, they traverse steep gradients in CO2(aq) and pH; the net
effect strongly promotes magnesite precipitation (Figure 3B). In the
plume cap zone, CO2(aq) concentration and pH are nearly constant,
but aqueous Mg+2 concentration increases most rapidly here because
formation-water saturation is minimized; this leads to magnesite
cementation from the cap-rock interface downward (Figure 3B).

However, magnesite precipitation is most extensive from this
interface upwards (cf. Figures 3B-C), owing to the relatively high
concentration of Mg in clay-rich shales. The coupled reaction is:

KAlSi3O8  +  2.5 Mg5Al2Si3O10(OH)8  +  12.5 CO2(aq)
                K-feldspar                 Mg-chlorite

��

KAl3Si3O10(OH)2  +  1.5 Al2Si2O5(OH)4  +  12.5 MgCO3 + 4.5 SiO2 + 6 H2O.
     muscovite                        kaolinite                 magnesite     qtz+chal

This kinetic reaction proceeds to the right with an increase in solid-
phase volume of 18.5% (magnesite accounting for 47 vol.% of the

Figure 3.  Mineral trapping mechanisms:  (A) intra-plume dawsonite
cementation, (B) magnesite precipitation—lateral and upper plume
boundaries, and (C) magnesite precipitation—shale cap rock.

product assemblage), which after 20 years has reduced porosity and
permeability of the 5-m-thick cap-rock base by 8% and 22%.3

Conclusions
Geologic CO2 sequestration in saline aquifers can be subdivided

into three fundamental elements: prograde migration of the
immiscible plume, direct interaction of the plume with formation
waters, and its indirect interaction with formation/cap-rock minerals
through the aqueous wetting phase.  In the near-field environment of
Sleipner-like settings, relative effectiveness of the associated trapping
mechanisms on a mass basis is hydrodynamic (85%) >> solubility
(15%) >> mineral (<1%).3

Although seemingly negligible, mineral trapping has enormous
strategic significance: it improves cap-rock integrity and thereby
improves containment of the voluminous immiscible plume.
Moreover, the prograde extent of mineral trapping is continuously
enhanced during the retrograde phase—which spans geologic time
scales—by the presence of residual CO2 immiscible saturation in the
aquifer and hydrodynamically-trapped CO2 beneath the cap rock.3

Intra-aquifer shales, solid solutions, and other refinements do
not modify the set of fundamental elements reviewed above; they do
impose key variations on the style and interaction of these elements.3
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Introduction 
     Among various proposed sequestration options, injection of CO2 
into confined geologic formations-in particular, saline aquifers-is one 
of the most promising alternatives.  In general, CO2 can be stored by 
hydrodynamic trapping, which traps the CO2 into flow systems for 
geological periods of time.  The most important concern of 
hydrodynamic trapping is the potential for CO2 leakage through 
imperfect confinement.  In addition, mineral trapping, which involves 
a series of interactions between the formation mineralogy and CO2-
enriched formation waters, can convert CO2 to an immobile and 
harmless carbonate mineral form that can be stored for millions of 
years.1-2 
     Various carbonates such as calcite, magnesite, dolomite, and 
siderite can be formed in the brine aquifer by mineral trapping.  
Conversion of CO2 to stable carbonate minerals is expected to be 
slow. A computer simulation of the mineral trapping process (kinetic 
water-rock reaction model) was conducted under reservoir conditions 
by the Alberta Research Council, Canada.2  These authors calculated 
times for precipitation of the various carbonates are on the order of 
hundreds of years.  The extended long time required for mineral 
trapping is the major drawback of this process. 
     Several researchers3-4  have conducted mineral trapping studies.  
Sass et al., 3 studied CO2 and brine reactions over rocks for 7 days at 
a pressure of 800 psi and 110 °C.  They found increased levels of 
calcium, magnesium, and carbonate in solution, which they 
interpreted as the dissolution of dolomite.  They interpreted decreased 
brine concentration of calcium and sulfate as evidence for anhydrite 
precipitation. However, no extensive studies of the interaction 
between CO2 and brine have been reported.  The objective of this 
paper is to examine the feasibility of conducting mineral trapping of 
carbon dioxide with brine solution reactions in an autoclave reactor. 
 
Experimental 

Three different  brine samples were used in this study.  One was 
from a brine treatment facility located in Creekside, PA, which was a 
composite sample.  A second sample was collected from the 
Oriskany formation in Indiana county, PA.  In addition, brine 
obtained from Oklahoma was also used. 
      Brine carbonation experiments were carried out in a ½ liter 
autoclave (Hastelloy C-276) manufactured by Progressive Equipment 
Corp.    In a representative experiment, 180 ml of  brine was charged 
into the reactor.  The reactor was sealed, and purged/evacuated with 
carbon dioxide three times.  Finally, a predetermined amount of CO2 
was charged into the reactor to the desired testing pressure (450 or 
650 psi).  The brine/CO2 mixture was  agitated  at  400 rpm during 
both heating to the desired temperature (155 °C) and testing to 
prevent any settling of precipitate.  At the completion of each test, the 
remaining CO2 was vented, and the slurry was removed from the 
reactor and filtered to separate solids from the aqueous solution.  A 
digital pH meter was used to determine the pH values of pre- and 
post-product solutions.  The brine was used either as received or its 
pH was adjusted before the reaction by adding KOH. The starting 
brines and brine products were prepared for analysis by filtration 
through a 0.45 µm membrane using a water aspirator.  The collected 

solids were rinsed with deionized water on the membrane and dried 
in a nitrogen-purged oven at 110 °C. Metal concentrations were 
determined using inductively coupled plasma - atomic emission 
spectroscopy (ICP-AES) on a Perkin Elmer Optima 3000 ICP 
spectrometer. 
 
Results and Discussion 
Table 1.  Carbonation Results for Brine Obtained from  
Creekside, PA 

 units Raw  Rxn 1 Rxn 2 
Reaction 
Condition 

  155 °C, 
950 psi 
CO2, 400 
rpm, 3 hrs 

KOH was 
added to 
adjust the pH 
to 9. 155 °C, 
690 psi CO2, 
400 rpm, 1 hr 

Liquid pH 3.2 - 3.8 
Ba mg/liter 663 556 534 
Ca mg/liter 16120 19120 15700 
Mg mg/liter 2098 2540 2210 
K mg/liter 177 212 7040 
Na mg/liter 53800 58240 53200 
Fe mg/liter 117 65 15800 
Solid  g none 0.38 0.0293 
Ba µg/g N/A 117 57 
Ca µg/g N/A 40000 2400 
Mg µg/g N/A 13500 19500 
K µg/g N/A 3790 1090 
Na µg/g N/A 109000 N/A 
Fe µg/g N/A 230000 331000 

     The scoping experiments on brine carbonation were conducted in 
two different ways.  The reaction was conducted either with brine as 
received and CO2 (Rxn 1) or after the pH of the brine was adjusted 
before reaction with CO2 (Rxn 2).   Results of the solids and solution 
analyses before and after reaction are shown in Tables 1, 2 and 3 for 
Creekside, PA; Indiana county, PA; and Oklahoma brines, 
respectively.   The initial brine compositions are also shown for 
comparison with various reacted mixtures.   In general, the changes 
of compositions in solution before and after the reaction were small.  
However, the amount of solid precipitated and the composition of 
solids varied with the reaction conditions utilized. 
     For the case of Creekside brine, the raw brine was very acidic with 
a pH value of 3.2 (Table 1).  The reaction between the brine and CO2 
under the reaction conditions of Rxn 1 resulted in the precipitation of 
0.38 gram of solids.  Adjusting the pH of brine to 9 (Rxn 2) before 
reacting with CO2 resulted in a lesser amount of solid precipitate 
(0.0293 g).  The composition of the solids also varied with the 
reaction conditions.  Under the conditions of Rxn 1, the  precipitates 
were  high in Na, Fe and Ca.  However, under the reaction conditions 
of Rxn 2, the precipitation of Ca was significantly reduced by a factor 
of 10.  Furthermore, the concentration of Fe in the precipitate 
increased  from  230,000 to 331,000 µg/g in going from Rxn 1 to Rxn 
2. 
     The results for brines collected from Indiana county, PA and the 
Oklahoma showed similar trends (Tables 2 and 3).   More solids were 
precipitated when the pH of the brines was modified before reaction.  
The major elements present in the solids under reaction conditions  
Rxn 1 were Ca, Na, and Fe.  However, after the pH was adjusted 
prior to reaction  Rxn 2, the concentrations of Na and Fe in the 
precipitated solids were reduced by a factor of 100.  Moreover, the 
concentration of Ca in the precipitated solid increased by a factor of 
10.  
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     About 53,300 µg/g of Barium were observed in the precipitated 
solid under the reaction conditions of Rxn 1 for the brine obtained 
from Indiana county, PA.  The exact form of Ba is still under 
investigation.  However, under the reaction conditions of Rxn 2, the 
concentration of Ba in the precipitate was significantly reduced from 
53,300 to 1390 µg/g. 
     In general, the net increase in total solid precipitation could be 
attributed to the precipitation of mineral matter (primarily calcium, 
but may include carbonates, sodium and other minerals) during the 
reaction.  It is important to note that values of alkalinity and pH in 
Tables 1, 2, and 3 might not be representative of actual conditions 
while the experiments were in progress.   
Table 2  Carbonation Results  for Brine Obtained from  Indiana 
County, PA 

 units Raw Rxn 1 Rxn 2 
Reaction  
Condition 

  155 °C, 
900 psi 
CO2, 400 
rpm, 1 hr 

KOH added to 
adjust pH to 11, 
155 °C, 670 psi 
CO2, 400 rpm, 1 
hr 

Liquid pH 3.9 3.6 3.9 
Ba mg/liter 1070 1060 1030 
Ca mg/liter 35000 34900 29500 
Mg mg/liter 2250 2250 2040 
K mg/liter 2600 2620 13800 
Na mg/liter 70400 70200 69100 
Fe mg/liter 234 188 1 
Solid g 0.02 0.048 2.069 
Ba µg/g 1570 53300 1390 
Ca µg/g 34900 49100 341000 
Mg µg/g 2010 3000 2710 
K µg/g 3250 2020 63 
Na µg/g 59900 47200 552 
Fe µg/g 311000 119000 16700 

Significant amounts of sodium along with some aluminum (not 
shown in Tables) were found for all brine tested under the reaction 
conditions of Rxn 1.  However, the concentration of sodium 
precipitated under the conditions of Rxn 2 was reduced by a factor of 
1000 for all brine tested.   It was speculated that the sodium 
precipitated might be related to the formation of dawsonite 
(NaAlCO3(OH)2).

5  In general, calcium, precipitated under the 
reaction conditions of Rxn 1 was probably in the form of calcium 
carbonate.   The same general behavior was observed for brines 
obtained from Indiana county, PA and Oklahoma.  The observation 
that significantly less calcium precipitated under the reaction 
conditions of Rxn 1 could be attributed to the pH of the brine solution 
remaining too low to stabilize a carbonate mineral.   In subsequent 
experiments, a pH buffer  (KOH) was added to control the pH.  As a 
result of the pH increase, about 10 fold more calcium precipitated 
under the conditions of Rxn 2 than that of Rxn 1.  However, an 
opposite behavior in Ca concentration was observed for the brine 
collected from Creekside, PA.  Magnesium, precipitated during the 
reaction is probably in the form of magnesium carbonate.  Its 
precipitation is not affected by the variation of pH.  Siderite (FeCO3) 
was observed in the precipitated solids. Significant siderite was found 
under the reaction conditions of Rxn 1 for the Oklahoma brine and 
brine obtained from Indiana county, PA.  As the pH increased, 
siderite precipitation was drastically reduced.  The opposite trend was 
found for the Creekside, PA brine.  The pH of brine has a significant 
effect on the carbonation reaction.  For the mineral trapping 
processes to occur, the following reactions have to proceed:  

CO2 (gas) -> CO2 (aq);    CO2 (aq) + H2O -> H2CO3;   
H2CO3 -> H+ + HCO3

-;    HCO3- -> H+ + CO3 
2- 

Ca++ + CO3 
2-  --> (CaCO3);  Ca++ + Mg++ + CO3 

2-  --->CaMg(CO3)2 
Fe++ +   CO3 

2-   ---> FeCO3;   Mg++ +  CO3 
2-   --> MgCO3 

Table 3.  Carbonation Results  for Brine Obtained from  OK 
 units Raw Rxn 1 Rxn 2 
Reaction 
Condition 

  155 °C, 
900 psi 
CO2, 400 
rpm, 1 hr 

KOH was added 
to adjust the pH 
to 9.2, 155 °C, 
670 psi CO2, 
400 rpm, 1 hr 

Liquid pH 5.5 4.5 5 
Ba mg/liter 323 338 321 
Ca mg/liter 10700 11200 9525 
Mg mg/liter 1965 2050 1975 
K mg/liter 525 559 3475 
Na mg/liter 52400 54700 53100 
Fe mg/liter 3 3 1.5 
Solid g 0.0586 0.046 0.4846 
Ba µg/g 1410 1215 1630 
Ca µg/g 23300 33900 326000 
Mg µg/g 4150 6720 4690 
K µg/g 1165 1750 45 
Na µg/g 51000 150000 1440 
Fe µg/g 56200 677000 6130 

     The pH along with other factors have an impact on these 
reactions.  At low pH, H2CO3 (carbonic acid ) dominates; at mid pH, 
HCO3- (bicarbonate) dominates; and at high pH. CO3 

2- (carbonate) 
dominates.  Temperature and pressure also play an important role in 
determining the solubility of CO2 in solution.  Aqueous-phase 
equilibration with CO2 (g) promotes carbonate precipitation, while 
acidic conditions favor carbonate dissolution.  Therefore, increased 
pH favors carbonate precipitation.  The actual effectiveness of brine 
carbonation probably depends on the initial concentration of 
carbonate forming cations within the brine and the pH of the brine. 
 
Conclusions 

A study of mineral trapping (under temperature and pressure) in 
an autoclave reactor with the brine solution has been initiated by 
NETL. Three different brines were tested in a 1/2-liter autoclave 
under various conditions.  Preliminary results indicated that the 
mineral species and amounts of solid precipitated depend on the 
source and the pH of the brine. 
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The sequestration of liquid carbon dioxide in deep brine-saturated
formations has been cited as an important potential component in an
overall carbon dioxide sequestration strategy.  Brinefield
sequestration of CO2 is a commercially-proven technology; however,
the effective saturation of carbon dioxide in brine-saturated
formations is very low, on the order of a percent of available void
space.  It is known that fluid viscosity, fluid density, and interfacial
tension are significant factors in determining the efficiency of
displacement in two-phase fluid flow.

We have developed a pore-level numerical model of the immiscible
injection of one fluid (CO2) into a porous medium saturated with
another fluid (brine). The model incorporates a distribution of throat
radii, fluid viscosities, and fluid densities to mechanistically represent
the flow. This model has previously been used to study the
relationship between saturation and important dimensionless
numbers, such as the Bond number (ratio of gravitational to capillary
forces) and the capillary number (ratio of viscous to capillary forces).
The model is now being used to calculate the displacement efficiency
for a variety of capillary and Bond numbers.

I.  Introduction

Flow in porous media is a subject of scientific and engineering
interest for a number of reasons.  Flow in porous media has long been
modeled as a compact (i.e., Euclidean) process whereby the interface
advances linearly with the total amount of the fluid as predicted by a
Darcy's law treatment using saturation-dependent relative
permeability.[1]-[5]  In the last fifteen years, it has been appreciated
that flow in porous media is fractal in certain well-defined limits.[6]-
[9]  The flow is known to be described by self-similar diffusion-
limited-aggregation (DLA) fractals in the limit of zero viscosity ratio,
M =µI /µD

 =0. [6]-[8],[10]-[12]  The flow is known to be described
by self-similar invasion percolation (IP) fractals in the limit of zero
capillary number (see Eq. 6a), where viscous drag forces (viscosity of
the displaced fluid times average fluid velocity) are zero, while the
capillary forces (proportional to interfacial tension, times cosine of
the contact angle) are finite.

Recently, we have shown that our model produces results which
agree with both DLA (large viscosity ratio limit) and with IP with
trapping (IPwt) (small capillary number limit).[13]   Having
demonstrated the validity of our model in these two very different
limits, with the physicality of the model and the excellent consistency
with fluid conservation, we are confident in extending our study to
the physically relevant intermediate regime, where the limiting
models (DLA and IPwt) are not valid.

II. Description of the Model

The pore-level model is intended to realistically incorporate both the
capillary pressure that tends to block the invasion of narrow throats
and the viscous pressure drop in a flowing fluid.  The two-

dimensional model porous medium is a diamond lattice, which
consists of pore bodies of volume   l 3 at the lattice sites and throats
connecting the pore bodies, which are of length l  and have a
randomly chosen cylindrical cross-sectional area between 0 and l 2.
Compared to several models reported in the recent literature, we
believe that our model should be both more general and more
flexible, in part because both the throats and the pore bodies have
finite volume in comparison first with refs. [6] and [14], where the
throats contain zero volume of fluid, and secondly with refs. [15]-
[17], where the pore bodies have zero volume.  Furthermore, in our
model, the volumes of both the pore bodies and throats can be set as
desired.  In this sense the work of Periera is closer to our model but
focuses on three-phase flows at constant pressure.[18]   Of course all
of these models include the essential features of random capillary
pressures blocking the narrowest throats and a random conductivity
depending on a given viscosity ratio.

Capillary pressure determines the pressure drop needed to move a
meniscus through a throat.  The radius of curvature, R,  of the
meniscus is fixed by contact angle, 2, and the radius of the pore
throat, r, so that the pressure drop across the meniscus is fixed at the
capillary pressure,

r
Pcap

θσ cos2= , (1)

where F is the interfacial tension.  Following refs. [15]-[17], we
modify Eq. (1) to remedy problems arising from blockages at throat
entries, giving

( )x
r

Pcap πθσ
sin

cos2= , (2)

where xl  is the distance along the throat from 0 to   l .  This sine
dependence solves problems encountered in adjusting throat
blockages and in maintaining a constant velocity condition and can
be assumed to result from variations in contact angle.

The pressure difference due to buoyancy across a throat and its
connecting pores also is calculated for each throat.  The invading
fluid is assumed to be a ball in the center of the spherical pore, while
the defending (wetting) fluid surrounds it and stays next to the pore
wall, so the pressure gradient along the pore is
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where Dnw and Dw are the non-wetting and wetting fluid densities,
respectively, g is the acceleration due to gravity, R is the angle that
the throat makes with respect to the horizontal, and a is the volume
fraction of invading fluid in the pore.  Thus (see Fig. 1) the flow
velocity is given by the throat conductance times the total pressure
drop across the throat:

)( Gcapwnwthroat PPPPgq +−−= , (4a)

where gthroat is the conductance of a throat from Poiseuille’s law, and
Pnw and Pw are the pressures of the non-wetting and wetting fluids in
their respective pores.  In the model, the transmissibility
(conductance) of the throat is given by
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where Athroat is the throat cross-sectional area, x is the fraction of

the throat of length   l  which is filled with defending fluid, and M is
the ratio of the non-wetting, invading fluid's viscosity to that of the
wetting, defending fluid,  M = µnw/µw.

Figure 1 shows the CO2 displacing the brine with volume flow

velocity qthroat = gthroat (Pnw - Pw  - Pcap). Of course, if Pnw -

Pw  < Pcap, the CO2 retreats and the brine re-occupies the throat.

The quantity, g*, carries all the dimensionality of gthroat, g* =
  l 3/(8B µw). From Eq. (4a), the non-wetting fluid advances if the
pressure difference between the pore filled with CO2 (non-wetting
fluid) and the pore filled with brine exceeds the capillary pressure.
Otherwise the CO2 will retreat.

The pressures in the pore bodies cane be determined from the volume
conservation of the incompressible fluid, dictates that the net volume
flow q out of any pore body must be zero.  Let us consider use of the
above rules for the situation in Fig 2.  In Fig. 2, the flow velocities, as
directed out of the (i,j) pore body through the throats are

( )2,2,1,21,2 −−−−−− −= jijijiji PPgq

( )1,,2,2,1,1, +++++ −−= jicapjijijiji PPPgq
   (5)

( )jicapjijijiji PPPgq ,1,,2,,1,1 −−−− −−=
( )jicapjijijiji PPPgq ,1,,2,,1,1 ++++ −−= .

Once the location of the interface is known, the numerical value of
the capillary pressure in each throat is determined. Then the program
iterates (Eq. 5), determining the pressure field until pressure balance
is achieved. In one of the typical sets of five runs presented in this
paper, after an average of 77,000 time steps there was an average
difference of less than 1% between the total volume of fluid injected
into the medium and the total volume of fluid expelled from the
medium.

To maintain a constant volume flow qo, the flow velocity was
determined for two estimates of the inlet pressure.  The linear
relationship between flow velocity and inlet pressure (Eq. 4) predicts
an inlet pressure, Po, producing the desired volume flow, qo.[17]
With a good choice of initial estimates, this procedure is very
accurate, with error less than  of 0.007%.

fl ow  

g 

i-2,j-1 

i-1,j 

i,j+1 

i+1,j 

Figure 2 shows a possible occupation of adjacent pore-bodies.  For
this occupation, the flow velocities are given by Eq. (4) and the
pressure in the (i,j) pore body can be calculated from Eq. (5).

Once the pressure field has been determined, the flow rules determine
the interface advance through a time interval )t.  A throat is on the
interface, if the pore body at one end contains some wetting fluid (it
may be filled with wetting fluid) and if the pore body at the other end
is fully invaded by non-wetting fluid (or was fully invaded and is not
yet fully re-invaded by wetting fluid due to backflow).  As discussed
earlier, a time interval, )t, needs to be chosen which is small enough
that spurious local oscillations in the flow are avoided but not so
small that the program run-time is unnecessarily long.  For the cases
discussed here, with large surface tension, the following prescription
seems adequate.  For all interfacial throats where the non-wetting
fluid has yet to reach the midpoint of that throat, so that the capillary
pressure is still increasing, the time interval is chosen so that the non-
wetting fluid advances no more than 3.5% into any such throat.  For
all throats where the non-wetting fluid has advanced past the
midpoint, so that the capillary pressure is decreasing, the time step
allows the interface to advance no further than 33% into any such
throat.

Flow increases the amount of CO2 within the pore throat (Fig. 3a) or
through the pore throat into the pore body (Fig. 3b).  Similarly,
backflow causes the interface to retreat within the pore throat or
through the pore throat into the pore body.  If either type of fluid
over-fills a pore body, the outflow throats share the excess.

We have attempted to make the flow-rules as non-restrictive and
physical as possible:  i) all parts of the porous medium have a volume
which can be occupied by either type of fluid; ii) locally, back-flow
and forward flow are allowed if ordained by the local pressure drops;
iii) complications, such as over-filled pore bodies, are treated as
physically as possible;  iv) unphysical aspects, such as isolated 'blobs'
of wetting fluids residing in pore-bodies, are tracked and have been
found to be insignificant; and v) most importantly, the flow rules
accurately account for all of the non-wetting fluid injected into the
porous medium.
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Figure 3. The CO
2 

can advance in a throat (upper fig., 3a) or through

a throat into the pore body (lower fig., 3b).

III. Simulations and Results

The model was run for 16 simulations of sizes 60x30 pore networks
for a range of capillary and Bond numbers:

θσ
µ

cos
wvCa = , (6a)

σ
ρgdLB ∆= , (6b)

where v is the average velocity of the total fluid system, σ is the
interfacial tension between the two fluids, )D=Dnw-Dw,  L is number
of pores in the direction of flow, and d is the average throat diameter.
The capillary number, Ca, is a ratio of viscous to capillary forces, and
the Bond number, B, is the ratio of buoyancy to capillary forces.
These dimensionless numbers have been shown to be related to
residual saturation.[20],[21]  All simulations use a viscosity ratio, M,
of 0.05 to correspond to carbon dioxide infiltrating brine.
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Figure 4.  Plot of breakthrough saturation vs. Bond number on a
60x30 network at M=0.05.
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Figure 5. Breakthrough saturation vs. capillary number on a 60x30
network at M=0.05.

The results from these simulations are presented in Figures 4 and 5.
These initial results show relationships between saturation and Bond
number and capillary number similar to what others have
found.[20],[21]  They show that saturation decreases with decreasing
capillary number, though this dependence is not as strong as seen in
water flooding experiments, most likely because of the low viscosity
ratio between CO2 and brine.  Saturation also decreases with
increasing Bond number, and at a more rapid rate than with capillary
number.

IV. Discussion

The results presented here are preliminary, both in the size of the
networks and in the number of simulations.  However, they do
support what is already known about the relationships between the
capillary and Bond numbers and the saturation of the invading fluid.
The results also suggest that there is a fundamental limitation on the
storage capacity of a homogeneous aquifer (perhaps different for
heterogeneous aquifers [22]) for CO2, and it is less than 50% of the
available void space.
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Introduction 

It is now scientifically evident that human activities have 
caused concentrations of greenhouse gases to rise significantly over 
the last two hundred years.1  This causes a change in the atmosphere 
composition and the problem of global warming.  The desire to 
alleviate the global warming problem has resulted in a serious 
environmental concern and a need to either reduce greenhouse gas 
emissions from industrial sources or put them into long term storage.  
Carbon dioxide (CO2) is the largest contributor to the global warming 
problem, and is thus the major target for the reduction.  Among the 
capture techniques, the flue gas scrubbing using absorption solvents 
is the most mature and readily applied technology for the reduction of 
CO2 emissions from the stationary power plants.2 

Aqueous solutions of alkanolamines are the chemical solvents 
that have been used extensively for the CO2 capture.3  Common 
alkanolamines are monoethanolamine (MEA), diglycolamine (DGA), 
diethanolamine (DEA), diisopropanolamine (DIPA) and 
methyldiethanolamine (MDEA).  At present, formulated solutions 
containing a variety of alkanolamines are gaining popularity in the 
gas separation industry.  These solutions often provide a greater 
absorption performance or meet unique needs when compared to the 
aqueous solutions of single alkanolamines.4  The most common 
formulations consist of blends of MDEA and other alkanolamines to 
form MDEA-based solvents.  The MDEA-based solvents can provide 
excellent absorption capacity, great energy efficiency and low 
corrosivity in comparison with the single alkanolamines.5 

 
Research objective 

The choice of the absorption solvents can be determined by a 
number of factors, such as absorption efficiency, energy 
consumption, corrosion, and solvent degradation.  The absorption 
efficiency is an important factor since it measures the mass-transfer 
rate of acid gas into the absorption solvent that is required to achieve 
a removal target.  In most cases, the efficiency is theoretically 
evaluated by using classical laboratory reactors, such as stirred cell 
and laminar jet absorber where the interfacial area for the mass-
transfer is known and fixed.  These reactors do not take into account 
the hydrodynamic features of the contacting devices, which may vary 
with type of absorption solvents during the plant operation.  
Therefore, it is necessary to use a column (packed or tray) as a gas-
liquid contacting device for evaluating the absorption efficiency of 
any solvent of interest.  This work evaluated and compared the CO2 
absorption efficiency of the aqueous solutions of single and blended 
alkanolamines in a packed column fitted with structured packing.  
Effects of two important operating conditions, including CO2 loading 
of solution and liquid load (flow rate per cross sectional area), on the 
absorption efficiency were also examined.  The test alkanolamines 
were MEA, DEA, DIPA, MDEA, and MEA-MDEA. 
 
Experiments 

The experiments were carried out in a bench-scale absorption 
unit of which the main component was the acrylic absorption column 
with an internal diameter of 20-mm and height of 2.0-m.  The column 
was packed with stainless steel structured packing (Sulzer DX).  A 

series of gas sampling points were installed for measuring the gas-
phase CO2 concentrations along the column.  An IR gas analyzer 
(model 301D, Nova Analytical System Inc.) was used for measuring 
the CO2 concentration with an accuracy of ±0.4%.  The liquid 
samples taken from the bottom of the column were analyzed for their 
compositions using titration methods.  The experimental results were 
presented as gas-phase CO2 concentration profiles along the height of 
the absorption column.  The CO2 absorption or removal efficiency 
(η) was determined using the following equation: 

100
1

1
1 ×

















 −
×





−

−=
in

in

out

out

y

y

y

y
η           (1) 

where yin and yout denote mole fractions of CO2 in gas-phase at the 
bottom and the top of the absorption column, respectively. 
 
Results and discussion 

CO2 absorption performance of single alkanolamines.  
MEA and DEA were found to have a superior CO2 absorption 
performance over DIPA and MDEA.  As shown in Figure 1, 10% 
CO2 in the feed gas was completely absorbed by the fresh (nil CO2 
loading) aqueous solutions of MEA and DEA within 2.0-m column 
height, while certain amounts of CO2 in the treated gas (at the column 
top) were detected in cases of DIPA and MDEA.   
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1. Gas-phase CO2 concentration profile along the column for 
single alkanolamine solutions (3 kmol/m3 solution concentration; 
0.00 mol/mol CO2 loading; 10.0 m3/m2-h liquid load). 

 
Although both MEA and DEA were able to provide a complete 

removal of CO2, their absorption performance can be distinguished 
by considering the column height required for the absorption.  The 
CO2 absorption into the MEA solution took place within only 0.8-m 
from the column bottom while the DEA required as high as 1.8-m to 
complete the same task.  This illustrated the superior performance of 
MEA over the DEA solution.  Consequently, the absorption 
performance of the test solutions was in the following order: MEA > 
DEA >  DIPA > MDEA.   

The absorption experiments were further conducted under 
different CO2 loadings of the solution and different liquid loads in 
order to broaden the performance comparison.  The CO2 loading and 
the liquid load were found to have no impact on the order of the 
absorption efficiency (Figures 2 and 3).  The order remained as it was 
under the fresh solution condition, i.e. MEA > DEA > DIPA > 
MDEA.  However, the performance of the CO2 absorption had an 
inverse relationship with the CO2 loading of the feed solution, i.e. it 
decreases with the increasing CO2 loading of the solution.  The 
deterioration of the absorption efficiency was caused by a reduction 
of the available reactive alkanolamine concentration that provided a 
driving force during the mass transfer.  The result also shows that 
increasing the liquid load caused a reduction in the CO2 concentration 
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of gas phase, indicating a greater absorption efficiency.  This was a 
result of two basic phenomena that take place in parallel.  First, an 
increase in the liquid load led to a greater degree of the wetted 
packing surface (hydrodynamics) participating in the mass transfer 
process.  Second, the liquid solution at a higher flow rate experienced 
a smaller change in its concentration, thus retaining the bulk of its 
absorption capacity throughout the column and maintaining the mass 
transfer driving force. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 2. CO2 absorption efficiency of single alkanolamine solutions 
(3 kmol/m3 solution concentration; 10.0 m3/m2-h liquid load). 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3. CO2 absorption efficiency for single alkanolamine 
solutions (3 kmol/m3; 0.00 CO2 loading). 
 

CO2 absorption performance of blended alkanolamines.  
The CO2 concentration profiles of the MEA-MDEA lie between 
those of the pure components (Figure 4), indicating a hybrid 
absorption behavior.  The absorption also appeared to be influenced 
by the variations in CO2 loading.  As the CO2 loading increased, the 
CO2 concentration profile of the MEA-MDEA shifted upwards, 
resulting in a lower CO2 absorption efficiency.  It was noticed that 
the CO2 concentration profile or absorption efficiency of the MEA-
MDEA was close to that of the MEA in case of no or very small CO2 
loading.  However, once the CO2 loading was increased, the profile 
(efficiency) of MEA-MDEA moved towards in a direction of the 
MDEA profile.  This behavior manifests a kinetic competition of the 
two components (MEA and MDEA) in the blended solution.  It is 
likely that, under low CO2 loading conditions, the MEA plays a 
dominant role in the CO2 absorption since its reaction rate with CO2 
is much faster than the MDEA’s.  However, once the CO2 loading 
increases to a certain value, the MEA will loose its competitive 
characteristic in absorbing the CO2 due to the depleting active MEA.  
As a result, the MDEA will gain its role in absorption at high CO2 
loading.  This behavior suggests that, the transfer of CO2 from gas 
phase at the top portion of the column takes place primarily due to 

the pure solution with a faster reaction rate with CO2 (MEA) while 
that at the bottom portion of the column takes place primarily due to 
the solution with a lower reaction (MDEA). 
  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

 
 

Figure 4. Gas-phase CO2 concentration profile along the column for 
3 kmol/m3 MEA-MDEA (1:1) solution (0.00-top-left, 0.25-top-right 
and 0.40-bottom mol/mol CO2 loading; 10.0 m3/m2-h liquid load). 
 
Conclusions 

The absorption efficiency of various alkanolamines was 
evaluated in a packed column where the hydrodynamic feature was 
taken into account.  The absorption efficiency increased in the order 
of MEA > DEA > DIPA > MDEA.  The absorption efficiency of 
MEA-MDEA solution was a combination of those of the pure 
components.  A kinetic competition behavior was exhibited.  At low 
CO2 loading, the component with a faster CO2 absorption rate was 
primarily attributable to the CO2 removal whereas the component 
with a slower rate played a dominant role at high CO2 loading. 
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Introduction 

The need to alleviate the problem of global warming has 
resulted in environmental concern over a reduction of greenhouse gas 
emissions from industrial sources.  Carbon dioxide (CO2), the largest 
contributor to the problem, is the major target for reduction.  Under 
these circumstances, the removal of CO2 from industrial waste gases, 
which would otherwise be vented to the atmosphere, becomes 
important.  The CO2 removal can be achieved by a number of 
separation techniques, of which the most suitable process approach 
for removing CO2 from high-volume waste gas streams is an 
absorption into the liquid solvent. 

The industrial use of structured packings for CO2 absorption 
has not yet been reported in the open literature.  However, the 
potential use of the packings has been investigated.1,2  These studies 
confirmed that a column fitted with structured packings yields 
superior performance when compared to a column using random 
packings.  With this excellent performance, taken together with the 
intense environmental concern over CO2 reduction, future use of 
structured packings for CO2 absorption is anticipated 

Fundamental information on the mass-transfer characteristics 
of the packings is required to design a CO2 absorption column packed 
with structured packings.  A number of research studies have been 
focused on determining characteristics such as mass-transfer 
coefficient and effective mass-transfer area for various types of 
structured packings.  However, these have been based primarily on 
fitting experimental data to empirical expressions.  Use of such 
information is therefore limited to only that particular structured 
packing and application.   

An understanding of fluid dynamics inside the packing 
elements is essentially required to fundamentally describe the mass-
transfer performance of structured packings.  Only a few mass-
transfer models have been developed so far with regard to column 
dynamic information.  This basically indicates that the models still 
lack full understanding of the fluid dynamics inside the packings.  
The present study therefore proposes a mechanistic concept that 
presents the fluid dynamic and mass-transfer behavior inside the 
structured packings used for CO2 absorption.   
 
Model development 

The mechanistic concept was developed on the basis of liquid 
irrigation features through the packing elements, which can be 
determined from the details of the packing geometry.  The concept 
was also based on an integration of a number of theoretical models, 
that aim to determine the distribution pattern of the flowing liquid 
inside the packing element, effective interfacial area, mass-transfer 
coefficients (based on penetration theory) and other information such 
as thermodynamic contributions (based on electrolyte NRTL model).  
A Fortran-90 computer program was written for the mechanistic 
concept in order to simulate the CO2 absorption performance of 
columns packed with structured packings.  The simulation was based 
on the theoretical packed column design procedure for adiabatic gas 

absorption with chemical reaction, which was first described by 
Pandya (1983).  The procedure accounted for heats of absorption, 
solvent evaporation and condensation, chemical reactions in the 
liquid phase, and heat-and mass-transfer resistance in both gas and 
liquid phases.  To execute the simulation, the developed computer 
program required a set of input information, including feed 
conditions of the gas and the liquid phases (i.e. compositions, 
temperature and flow rates), pattern of liquid irrigation from the 
distributor, number and arrangement of structured packing elements 
in the absorption column, and geometry of the packings. 
 
Model simulation 

Simulation results.  The model simulation can generate the 
essential required information for the absorption system design 
including the concentrations of CO2 in the gas phase, concentrations 
of reactants in the liquid phase, mass-transfer coefficients, and the 
effective interfacial area at different axial positions along the packed 
column.  The patterns of the liquid irrigation inside the structured 
packing elements can also be provided as shown in Figure 1. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  
 
 
 
 
 
 
 
 
 

Figure 1. Examples of simulated liquid distribution plots. 
 

Model verification.  The verification of the developed concept 
was based on the prediction of mass-transfer performance in the CO2-
MEA absorption system.  The simulation results were generally 
presented in terms of the gas-phase CO2 concentration profiles along 
the absorption column, which were plotted against the experimental 
data for comparison purposes.  The comparisons were made over the 
wide ranges of operating conditions where the thermodynamics 
contribution was significant in controlling the mass-transfer 
phenomena in the absorption system.  Good agreement between the 
experimental and simulation results was found for all packings tested.  
An example of the result comparison is given in Figure 2. 
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Figure 2. Comparison between the experimental (open circles) and 
simulated (solid lines) CO2 concentration profiles. 
 

Mass-transfer with different liquid loads.  The liquid load 
was found from the simulation results that it has a significant effect 
on the performance of packed column.  Higher liquid load enhances 
the CO2 absorption efficiency due to an increasing interfacial area as 
evidenced by the simulation results in Figure 3.   
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3. Simulated effective interfacial area plots of GemPak 4A 
structured packing (Top) and simulated maldistribution factor of 
Mellapak 500 Y (Bottom). 
 

The increasing interfacial area with the liquid load is also 
evidenced by the quality of the liquid distribution illustrated in Figure 
3.  The higher maldistribution factor at the low liquid load indicates 
poor quality of the distribution, reflecting the lower degree of 
packing surface that takes part in facilitating the liquid to contact 
with the gas-phase.  As the liquid load increases, the distribution 
quality is improved and the maldistribution decreases considerably.  
The lower maldistribution factor basically indicates a nearly uniform 
distribution, providing the greatest interfacial area for mass-transfer 
process. 
 

Mass-transfer with different initial liquid distribution 
patterns.  The quality of the initial liquid distribution from 
distributor is another important factor that has an effect on the mass-
transfer performance of the packed column.  Poor initial liquid 

distribution promotes the maldistribution phenomena, which can 
deteriorate the column efficiency.  Figure 4 shows the simulated and 
experimental gas-phase CO2 concentration profiles of the columns, 
operated with the two different initial liquid distribution patterns.  It 
is apparent that the liquid distribution model well established the 
influence of the initial distribution on the mass-transfer performance 
of the column containing structured packing, i.e. the noticeable 
divergence between the two concentration profiles at the top packing 
element (element height of 0.245 m for Gempak 4A).  The full-
distribution pattern with the greater drip-point density generally gave 
higher CO2 absorption performance than the 4H-distribution type. 
The lower effective interfacial area (ae) is the primary cause of the 
lower absorption performance in the column with 4H-distribution.   
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 4. Gas-phase CO2 concentration profiles based on two 
different initial liquid distribution patterns (Top) and their simulated 
effective areas. 
 
Conclusion 

The concept was developed on the basis of liquid irrigation 
features through the packing elements, which can be determined from 
the details of the packing geometry.  The results of this research lead 
to a better understanding of the fluid dynamics within the columns 
fitted with structured packings.  This can be used to design and 
simulate the CO2 absorption process or even to optimize and 
customize the geometric features of new structured packings as they 
are developed to fit particular separation tasks.  
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Introduction 

Carbon dioxide is the largest contributor to the greenhouse 
effect, being produced in the combustion of fossil fuels as oil, natural 
gas or coal, for energy production or heating, and in industrial 
processes.  

Carbon dioxide can be recovered by using several technologies 
such as the absorption into an appropriate solution1 or the membrane 
separation.2 The former is used in several industrial applications such 
as CO2 separation from power plants flue gases, natural gas treatment 
and landfill gas upgrading. The capacity of the amine to uptake/bind 
CO2 is of fundamental importance for sizing the separation tower. 

In this paper we consider the advantage of using new amines for 
capturing carbon dioxide from gas mixtures. The kinetics of CO2 
uptake using four new different amines is compared with that of 
absorption by MEA. 
 
Experimental 
All data were recorded under the same conditions: 1 atm of CO2 and 
298 K. The kinetics was followed in tetrahydrofuran (THF) as 
solvent. 8 mL of THF were saturated with CO2 in the absorption 
flask, then the amine (0.90 mmol) was added. The uptake of CO2 was 
followed using a gas burette.  
Neat amines have been also used. 
 
Results and Discussion 
Aliphatic amines are known to react promptly with CO2 [Eq 1] to 
afford an ammonium carbamate.3  
 
2 RNH2  +  CO2                  RNH3

+-O2CNHR                                    
(1) 
 
We have investigated the behaviour of mono- (A, B, C) and di-amines 
(D, E)4 towards CO2 at various temperatures. Mono-amines A, B and 
MEA (C) react rapidly with CO2 at 298 K in THF. Figure 1a-b-c 
show that the reaction is almost complete in 15 minutes and the 
amount of CO2 taken up by the amine (ca. 0.55 mol/mol amine) says 
that one mol of CO2 reacts with two moles of amine, as required by 
the stoichiometry of  reaction 1, to afford ammonium carbamates.  
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Figure 1. Kinetics of reactions of mono-amines with carbon dioxide 
 

Amines A and B are as performing as MEA. In all cases, the solution 
at the end of the reaction is cloudy due to a fine suspension of a white 
solid. Interestingly, if the reaction is carried out at 273 K, the amount 
of CO2 fixed by amines A and B, after a fast initial uptake, of ca. 0.50 
mol/mol, increases slowly to 1 mol/mol within three hours. This 
feature can be explained assuming that at low temperature any of the 
ammonium carbamates RNHCOO-+H3NR slowly converts into the 
dimeric form of the relevant carbamic (RNHCOOH)2 acid. We have 
already shown that, in the same conditions, the carbamate/carbamic 
acid conversion takes place with benzylamine5 and other N-
compounds. (Eq.2) In the case of R=benzyl, the dimeric carbamic acid 
has been isolated and characterized by X-ray5a.  
 
RNHCOO-+H3NR + CO2  → (RNHCOOH)2     R = Benzyl         (2) 
 
Carbamates of amines (A and B) do not release CO2 easily upon 
heating. Therefore, they are not good candidates for the separation of 
carbon dioxide from other gases (e.g., from flue gases) as they can not 
advantageously operate in a cyclic system implying the uptake and 
release of carbon dioxide.  
When diamine D or E is used, the CO2 uptake curve (Fig. 2) at 298 K 
has a different shape with respect to that characteristic of 
monoamines.  
 

0

0,2

0,4

0,6

0,8

1

0 5 10 15 20 25 30 35 40 45 50 55 60 65 70 75

Time (min)

m
o

l C
O

2/
m

o
l a

m
in

e

amine D 

amine E

 
 
Figure 2. Kinetics of reactions of di-amines with carbon dioxide 
 
Diamines D, E take up CO2 with a 0.8-1 molar ratio, to afford a 
glassy material that occludes solvent. The reaction quickly takes place 
also in absence of solvent.  The resulting carbamates have been 
isolated and characterised. Diamines are thus by far more efficient 
than monoamines for CO2-capturing. This aspect is quite important as 
by using diamines it would be possible to reduce to half the amount of 
amine necessary for the separation of a given amount of CO2, and thus 
the volume of the absorption tower. Interestingly, the carbamates of 
diamines easily release carbon dioxide at moderate temperatures, 
making such systems quite interesting candidates for CO2 separation. 
 

We are now working at some improvement of the amine 
molecular structure in order to further increase the separation 
efficiency.  
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Introduction
Increasing awareness of the possible influence of greenhouse

gases on global climate change has led to recent efforts to develop
strategies for the reduction of carbon dioxide (CO2) emissions.1,2

One such strategy that has received a great deal of attention involves
the capture of CO2 from large point sources (such as fossil fuel-fired
power plants) and the long-term storage underground or in the ocean.
The CO2 capture step is expected to make up the majority (up to
75%) of the expense for a carbon sequestration process.2

Although there are several different methods that have been
proposed for the capture and separation of CO2, the only method that
has been proven to work on an industrial scale is chemical absorption
using monoethanolamine (MEA) as a solvent.2  In this method, MEA
absorbs CO2 through chemical reaction in an absorber column.  Since
the reaction is reversible, the CO2 can be driven off by heating the
CO2 rich amine in a separate stripper column.  The MEA may be
recycled through the process.   For the low CO2 partial pressure
present in flue gas, alternative methods of CO2 removal are less
efficient and more expensive than chemical absorption.2

A major problem associated with chemical absorption using
MEA is the degradation of the solvent through irreversible side
reactions with CO2 and other flue gas components.3,4,5  This leads to
numerous problems with the process.  First, degradation of MEA
results in solvent loss, requiring the replacement of up to 8 pounds of
MEA per ton of CO2 captured.6  It is also known to lead to foaming,
fouling, and increased viscosity of the amine.  In existing CO2
capture facilities, the degradation products are separated in an
evaporative reclaimer and disposed of as hazardous chemical waste.

In the case of carbon sequestration, the most significant problem
presented by MEA degradation is associated with increased corrosion
caused by the degradation.3 In order to keep machinery corrosion
rates at an acceptable level, the concentration of MEA must be kept
low (typically under 20% for coal boilers and ~30% for natural gas-
derived flue gas and then only if corrosion inhibitors are employed).
Low MEA concentration reduces the effectiveness of the solvent,
necessitating large equipment sizes and faster circulation rates.  In
addition, more energy is required in the stripping column in order to
regenerate the amine.7  This increased “parasitic load” is of particular
concern for carbon sequestration.  In addition to being an additional
cost, producing this extra energy leads to increased CO2 emissions,
which decreases the overall benefit of sequestration.2  A sensitivity
analysis indicates that increasing the concentration of MEA to 70%
will cut the parasitic load on a power plant by more than half.7

The current study is aimed at developing an increased chemical
understanding of MEA degradation processes.  Increased insight into
the mechanisms and chemical pathways associated with MEA
degradation may result in decreasing or eliminating its negative
effects.  There have been several previous studies on reactions of
alkanolamines with O2,5 CO2,3 COS,8 or CS2.9  Most of these studies
were aimed at understanding natural gas sweetening processes, and
all were conducted under laboratory conditions.  However, in flue gas
from a fossil fuel-fired boiler, the process becomes much more
complicated due to the presence of a mixture of CO2, O2, CO, SOx,
NOx, fly ash, and other constituents.  The degradation process in this

case remains poorly understood, particularly under conditions that
are common to power plants.10

Experimental
The IMC Chemicals Facility in Trona, California is a plant that

has been performing CO2 capture from flue gas since 1978.  CO2 is
separated from flue gas of a coal-fired boiler, which is used to
produce electricity.  In this case, the captured CO2 is used for
carbonation of brine from Searles Lake, California for the
commercial production of sodium carbonate.  For the current study,
MEA samples were obtained from this plant in order to identify the
degradation products from the CO2 separation process.  Three
samples were obtained: (1)virgin concentrated MEA, (2)“lean” MEA,
taken before the CO2 absorption step, and (3)reclaimer bottoms,
which represents the still bottoms that remain after the amine is
distilled to remove the degradation products.

In order to identify the volatile organic compounds in the
samples, each mixture was separated and analyzed using combined
gas chromatography-mass spectrometry (GC-MS) and combined gas
chromatography-Fourier transform infrared absorption
spectrophotometry (GC-FTIR).  Two separate gas chromatographic
columns were used for separation.  The first was a 60 m × 0.32 mm i.
d. fused silica column coated with a 0.25-µm film of 14%-
(cyanopropyl-phenyl)-methylpolysiloxane (DB-1701 from J&W
Scientific).  This column was temperature programmed from 35 to
280oC at 1 Co/min.  The second column, a 60 m × 0.25 mm i. d.
column coated with 0.25-µm modified polyethylene glycol (Nukol
from Supelco), was temperature programmed from 50 to 200oC at 5
Co/min.  Helium carrier gas was used with initial linear velocities of
40 and 36 cm/s, respectively.  In both cases, samples were introduced
via a split injector held at 250oC. GC-MS experiments were
performed using an HP 5973 mass selective detector (MSD) and GC-
FTIR experiments employed an HP 5965A infrared detector (IRD).

In addition, precise molecular masses of the organic compounds
were obtained using low voltage high-resolution mass spectrometry
(LVHRMS).  Mass spectra were acquired on a Kratos MS-50 high-
resolution mass spectrometer. In this experiment, the samples were
introduced to the ion source directly without prior separation.

Inorganic ionic species were identified using ion
chromatography (IC) as well as combined inductively coupled
plasma-atomic emission spectroscopy (ICP-AES).  IC experiments
were performed for anions using a Dionex DX-100 Ion
Chromatograph equipped with a conductivity detector.  The
analytical column used was an IonPac CS14 (4 mm), and the guard
column was an IonPac AG14 (4 mm).  The eluent was 3.5 mM
sodium carbonate/1 mM sodium bicarbonate, at a flow rate of 1.2
ml/min.  A self-regenerating ASRS-Ultra (4 mm) suppressor was
used.  ICP-AES experiments were performed using a Perkin Elmer
Optima 3000 to measure trace metal concentrations.

Also, analyses were performed to determine the total
nitrosamine concentration in each sample by a technique described
elsewhere.11

Results and Discussion
Since the focus of this study was on the MEA degradation

products, the reclaimer bottoms sample, where these products were
concentrated as a result of distillation provided the most important
information. Organic compounds that were identified are listed in
Table 1 along with the methods of identification.  An “x” in the GC-
MS or GC-FTIR column indicates a positive match from an
electronic search of either MS or FTIR libraries.  MS library searches
were performed using the NIST/NIH/EPA Mass Spectral Library.
FTIR searches were performed using the FTIRsearch.com service.
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The LVHRMS column indicates whether a match within 0.003 amu
of the mass of the indicated molecule was present in the mass
spectrum of the entire sample.   Also included in Table 1 is an
indication of the column used for the experiment in which each
compound was detected.  The % of total area refers to the integrated
peak area from the total ion chromatogram as a percentage of the
total signal intensity for each chromatogram.  Other than the MEA,
none of the peaks identified in Table 1 were present in identical
experiments performed on the virgin MEA.

Table 1. Identified organic compounds from
 MEA reclaimer bottoms

method of identification GC column %of total area
peak compound GC-MS GC-FTIR LVHRMS DB-1701 Nukol DB-1701 Nukol

1 N-acetylethanolamine (C4H9NO2) x x x x 8.86 6.28
2 N-glycylglycine (C4H8N2O3) x x x <0.01
3 N-(hydroxyethyl)-succinimide

(C6H9NO3)
x x x x 0.16 *

4 N-(2-hydroxyethyl)-lactamide
(C5H11NO3)

x x x x 0.07

5 1-(2-hydroxyethyl)-2-imidazolidinone
(C5H10N2O2)

x x x 0.24

6 N,N-diacetylethanolamine
(C6H11NO3)

x x x 21.83

7 ammonia (NH3) x x 0.10
8 acetic acid (C2H4O2) x x x 2.02
9 propionic acid (C3H6O2) x x 0.30
10 n-butyric acid (C4H8O2) x x x 0.01
11 monoethanolamine (C2H7NO) x x x x x * 35.18
12 2,6-dimethyl-4-pyridinamine

(C7H10N2)
x x x 0.05

13 2-imidazolecarboxaldehyde
(C4H4N2O)

x x x 0.05

14 1-methyl-2-imidazolecarboxaldehyde
(C5H6N2O)

x x x 0.17

15 2-oxazolidone (C3H5NO2) x x x 0.80
*  Area percentage not calculated due to overlap with other peaks

Peaks 5 and 15 are known degradation products of MEA
resulting from reaction with CO2,3 but are relatively minor
components. Carboxylic acids (peaks 8,9, and 10) have been
previously identified as products of oxygen induced MEA
degradation.5  The acetylated MEA components (peaks 1 and 6) are
the most abundant degradation products, and are believed to be the
result of reaction between acetic acid and MEA.

The results of the ICP-AES and IC analyses are shown in Table
2.  ICP-AES measurements were made for 23 different metal cations.
Shown are seven metals that were present at no less than 0.2 ppm
concentration in either of the two samples.  Most prominent is the
sodium concentration, mostly due to the sodium carbonate added to
the reclaimer in order to regenerate MEA that has been converted to
its protonated (acidic) form.  Other metals are believed to originate in
large part from the coal.  In addition, mercury was found to be
present in the reclaimer bottoms at 1.0 ppb and was not detectable in
the lean MEA (<0.02 ppb).

Anion concentrations are all relatively higher, with chloride
being the most significant at 4.9% (wt.).  The halogens present in the
samples are thought to be present as a result of simple acid/base
chemistry between mineral acids (HX where X is any halogen)
present in the flue gas with MEA to form “heat stable salts”.  HX is
the combustion product of halogens present in the feed coal.  Also,
note that, with one exception, the concentration of various anions is
greater in the reclaimer bottoms than in the lean MEA.  This is what
would be expected, since the purpose of the reclaimer is to remove
contaminants from MEA and concentrate them in the bottoms.  The
exception is the sulfate, which is an order of magnitude more
concentrated in the lean MEA than in the reclaimer bottoms.  It is
thought that the concentration of sulfate in the reclaimer bottoms is
limited by solubility factors.

Nitrosamines are known carcinogens that are formed by a
reaction between an amine with a nitrogen oxide.  Nitrosamines were

found to be present at a concentration of 580 ppm in the lean MEA.
This is believed to be due to reaction between MEA and nitrogen
oxides from the flue gas.  There was not a detectable amount of
Nitrosamines in the reclaimer bottoms, likely due to their low boiling
point.

Table 2. Ion Concentrations in ppm
Lean MEA Reclaimer Bottoms

Cations
Sodium 80 821
Potassium 2.2 18
Calcium 1.1 1.3
Iron 1.4 1.1
Copper 0.2 0.1
Zinc 0.3 0.2
Aluminum not detectable 0.4
Selenium not detectable 17.4
Arsenic not detectable 1.7

Anions
Fluoride 300 1500
Chloride 1600 49000
Bromide 0.9 80
Sulfate 2200 250
Nitrate 290 3100
Nitrite 130 **
Phosphate 7.8 230

**  not quantified due to overlap with chloride peak
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Introduction 

The carbon dioxide greenhouse question has led many 
researchers involved in a variety of fields to study the phenomenon. 
Kyoto Protocol, which will be ratified by most of developed country 
this year, is a mechanism that will reduce global GHG emissions by 
5.2 % in 2012 compared to 1990 level.  

In response to that issue, CO2 Solution has developed a system 
that involved the use of a biological process for the transformation of 
CO2 into harmless compound, bicarbonate. This transformation of 
CO2, also called ionisation, is catalyzed in presence of an enzyme.  

The challenges associated with the bioreactor operation were to 
optimize gas to liquid flow ratio, packing height, concentration of gas 
at inlet, and pH of the liquid phase. Those operational parameters 
were set for the highest enzyme activity. Furthermore, one of our 
main objectives was to determine the best way to recycle bicarbonate 
ions. Studies were oriented toward precipitation in the form of metal 
carbonate such as calcite, magnesite, etc.  

Over the past several years, the concept of employing an 
enzyme-based reactor to reduce CO2 levels in many environments was 
successfully demonstrated. Results on CO2 removal and beneficial 
reuse are presented in this document. 
 
Experimental 

Bioreactor system. The bioreactor is a packed column with 
enzyme immobilized onto the packing material. A packed column 
design was adopted since it enables an optimal contact area between 
gas, liquid and solid (the packing material with immobilized enzymes) 
phases. In this bioreactor, a gas containing CO2 will enter the 
bioreactor and contact the liquid phase that will absorb the CO2 
stream. Immobilized enzyme will transform aqueous CO2 into H+ and 
HCO3

-. A schematic representation of the bioreactor is presented in 
Figure 1.  

Experimental conditions. Different operating conditions were 
tested with the bioreactor. When the notation "with enzyme" is used, 
the packing used has active enzyme bonded and immobilized to its 
surface. A packing "without enzyme" is one with all of the treatment 
for immobilisation but no enzyme on its surface.  

All tests were conducted with an inlet gas concentration of 
approximately 5000 ppm CO2, a Tris solution adjusted to a pH of 8.3 
with H2SO4, a packing height of 15 cm and a gas flow of 0.064 kg/h. 
The effect of the variation of some of these parameters on the reaction 
rate of ionisation were studied: liquid/gas flow ratio, packing height 
and concentration of gas at inlet. 

Precipitation of bicarbonate. Ions produced in the chemical 
reactions were concentrated with an anionic resin. Bicarbonate ions 
were then precipitated by the addition of dissolved cations. pH was 
varied by adding NaOH 2N. Solids were recovered by centrifugation 
or filtration through 0.4 µm filters and dried at 90oC. Solutions of 
0.1 M CaCl2 and BaCl2 and dissolved synthetic sea salt (38 g/l) were 
used to precipitate bicarbonate ions. Glassware were used to limit 
solids adsorption. Essays were done in batch with 0.1 M NaHCO3 to 
simulate bicarbonate concentration coming from an anion resin 
regenerating phase (after the bioreactor).  

Analysis. Mineral identification was performed on few samples 
by electronic microscopy, X-rays diffraction and fluorescence. Metal 
concentration analysis were obtained by atomic absorption.  

Treated air exit

CO2 gas inlet

Wastewater

Enzymatic section 
of reactor 

Water inlet

 
Figure 1. Schematic representation of the laboratory scale bioreactor. 
 
Results and Discussion 

Bioreactor optimization. Optimization of inherent parameters 
of the bioreactor allowed the determination of optimal operational 
conditions.  

CO2 ionisation rate in relation to packing (with or without 
enzyme) and liquid loading rate is presented in Figure 2. It shows that 
transformation rate rises when liquid to gas flow ratio (L/V) is 
increased. The major drawback of amplifying L/V is a higher liquid 
consumption and, thus, energy need. When calculating the 
improvement, in percentage, of the transformation rate when using 
enzyme compared to no enzyme, a lower L/V is better. For example, 
at a liquid loading rate of 6,500 kg/h.m2 the improvement is 51 % 
compared to 39 % at 26,000 kg/h.m2. A low L/V presents, hence, the 
best flow condition for a optimized operation. 
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Figure 2. CO2 ionisation rate in relation to packing (with or without 
enzyme) and liquid loading rate. 

 
An increase in packing height shows a proportional rise in CO2 

transformation rate, the packing with enzyme being higher. Increasing 
CO2 gas concentrations inlet from 1,000 ppm to 10,000 ppm has little 
influence on the reactor efficiency.  

Finally, varying pH of the liquid media increased the CO2 
transformation in bicarbonate and subsequently in carbonate ions. A 
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few essays have demonstrated that fact (pH 6.5 to 10 increased 
slightly the global CO2 removal efficiency). A numerical model 
predicted that pH over 11 will maximize CO2 removal. But, to 
maintain a so high pH you must add chemicals and you may lose 
enzyme efficiency.  

Globally, in the conditions tested, packing efficiency is 52 % 
more efficient than a packing without enzyme.  

Precipitation of bicarbonate. Our first essays to precipitate 
calcite have demonstrated that mixing a source of carbonate and 
calcium ions (CaCl2 + NaHCO3 + NaOH) results in the formation of 
orthorhombic calcite crystals (diameter of about 5 µm; Figure 3).  

 
Figure 3. Electronic microscopy picture of calcite crystals.  
 

Other essays have being done to study pH variation effect. 
Figure 4 shows that the maximum weight that can precipitate is 
achieved at a pH as low as 8. 
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Figure 4. Relationship with calcite precipitation and pH (10-1 M and 10-2 M). 

 
A chemical equilibrium model also predicted that calcite 

formation is optimal at pH 7 to 8 at operating conditions (Figure 5).  

 
Figure 5. Relationship between calcite precipitation and pH. 

 
However, a difference between theory (9.2 g/l of calcite 

attended) and experimental results (7.7 g/l ± 0.09) of 16 % is still 
remaining. One hypothesis to this difference is that a constant 
equilibrium is happening between the sample surface and atmosphere. 
Each time we shake the bottle to homogenize the sample, 

effervescence occurred, so CO2 must be stripping in air. A mass 
balance study could confirm this hypothesis and will be realized on 
other essays. 

A few experiments were done to precipitate witherite (BaCO3), 
presented in Figure 6. Solid weight was about 18 g/l, either at pH 8 
and 12, at an initial concentration of 0.1 M of both Ba and carbonate. 
There was no such significant difference with theory (19 g/l). 
Witherite is probably more stable than calcite (solubility product of 
2.58E-9 and 3.36E-9 respectively). 

Precipitation of bicarbonate ions with diluted synthetic sea salt 
was experimented in laboratory. For one sample, an electronic 
microscopy analysis has detected no crystals except an amorphous 
matrix. For another sample, in which we add CaCl2 and sea salt to 
promote calcite precipitation, aragonite, a lesser stable form of 
calcium carbonate, and halite were detected.  

 
Figure 6. Electronic microscopy picture of whiterite crystals 
 

Different pH (from 8 to 11) were tested for the precipitation of 
bicarbonate ions with sea salt. The results showed that at pH lower 
than 9.5 nothing really precipitate, and global solid weight increased 
with pH up to 11. The model predicted that calcite should mainly 
precipitate at pH higher than 11. Below that, dolomite (CaMgCO3), 
CaSO4(aq) and Ca2+ are dominating species. More experiments will be 
done at pH 12 to verify this assumption.  
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Figure 7. Relationship between precipitate weight and pH (sea salt).  
 
Conclusions 

CO2 gas transformation in bicarbonate was realized in an 
enzymatic bioreactor. Bicarbonate ions are concentrated on an anionic 
resin, and subsequently precipitated with Ca - calcite, Ba – witherite 
and sea salt. Experiments have shown that precipitate weights are 
optimal at pH 8 for calcite and witherite minerals. On the opposite, 
solid weight of precipitates obtained with diluted sea salt is increasing 
with pH.  
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Introduction

The economic capture of CO2 from mixed gas streams for
purification and/or use in CO2 sequestration remains a substantial
hurdle to the widespread application of greenhouse gas remediation.
We have developed technologies to help address this need. Our
technology development program devised reactors for the efficient
removal of CO2 from Human Space Flight crew environments (e.g.
space shuttle, space station, and spacesuit). More recently it has
involved the study of CO2 removal from natural gas, and as described
here the CO2 capture from a wide variety of sources. We have
generated an enzyme based contained liquid membrane (EBCLM)
reactor as the technological basis for a family of CO2 removal and
capture devices.

The EBCLM works as follows: CO2 in a mixed gas stream
diffuses across a microporous hydrophobic membrane to contact an
aqueous buffered enzyme solution. The enzyme, carbonic anhydrase
(CA – EC 4.2.1.1), greatly increases solvation via catalytic hydration
of CO2 resulting in the formation of bicarbonate. Bicarbonate
diffuses across the liquid membrane. At the permeate side gas-liquid
interface CA catalyzes the dehydration reaction and CO2 is released
to the sweep gas stream having diffused through a second
microporous hydrophobic polymer membrane.

Experimental

Materials and methods
Bovine carbonic anhydrase (BCA2 - Sigma Chemical Co.) was

used as the enzyme catalyst. The buffer was made from monobasic
anhydrous potassium phosphate (99.0% purity - Sigma) and dibasic
anhydrous sodium phosphate (99.5% purity - Fisher Scientific).
Microporous polypropylene (Celgard PP-2400 - Celanese) was used
to contain the enzyme/buffer solution. The Celgard PP-2400
membrane is 25.4 µm thick, with a porosity of 35%, a nominal pore
size of 41 nm x 120 nm with a tortuosity value of 5 [1]. The thickness
of the liquid membrane was controlled by the use of polyester mesh
(Small Parts Inc., CMY-200) spacers cut in the form of flattened O-
rings. Gases, purchased from Matheson, included ultra-zero air, ultra
high purity argon and high purity CO2. Air and argon were purged of
residual CO2 by a purification column (OMI-4, Supelco) before being
used.

Bioreactor configuration and test stand setup

The membrane reactor is constructed by sandwiching a CA
containing phosphate buffered solution between two polypropylene
membranes. Perforated metal screens (Millipore) retain the polymer
membranes. The total liquid membrane area is 380.1 mm2. The
thickness of the aqueous phase was 330 µm. The liquid membrane
volume was maintained by means of a fluid reservoir. The feed gas
stream delivered via an Environics mass flow controller (Environics,
Series 2020 – NIST-traceable calibration). The composition of gas
was measured by mass spectrometer (Questor IV, ABB Extrel) The
separation performance includes selectivity (α=Qi/Qj) and permeance

(Q= J/∆P) where J is the flux through the membrane and ∆P is the
partial pressure difference across the membrane. The unit of Q is mol
m-2 Pa-1 s-1, i, and j are permeance for species i and j, respectively.

Results and Discussion

Table 1 contains examples of selectivity and permeance values
that have been obtained using the EBCLM.  Along with these values
Table 1 provides information regarding the feed stream CO2

concentration, the concentration of CA and buffer in the liquid
membrane, and the sweep stream condition (pressure and
composition). Figure 1 provides a different view of these results in a
plot of selectivity versus permeance. This plot also contains
information obtained from the literature detailing the performance of
competing membrane technologies.

Table 1.  Examples of Selectivity and Permeance for CO2

Separation from Air, Oxygen, and Methane
Sweep

pressure
[CO2] in

feed
[CA] [Buffer] Selectivit

y
Permeance Other Gas(es

kPa (%) (mg/ml) (mM) (mol/m2-
Pa-s)

101.3 0.23% 5.0 75 1401 1.44E-7 N2 & O2

-70.0 0.50 5.0 75 269.0 8.0E-09 O2

-70.0 0.50 20.0 800 335.7 8.3E-09 O2

101.3 2.44 5.0 75 187.4 7.4E-09 CH4

Figure 1.   Performance of the EBCLM and Competing Membranes -
CO2 Removal from Air and Other Low Concentration Sources

As seen from Figure 1 the use of traditional nonporous polymer
membranes (e.g., PEI/PVA) for CO2 separation from air provides
very low permeance and selectivity [2]. With the use of the glycerol
LMs reported by Sirkar and colleagues [1] and the EDA/PAA/PE gel
filled membranes of Matsuyama et al. [2] it is possible to obtain high
selectivity versus N2, but the permeance values are at best moderate.
While these high selectivity membranes can provide good CO2

enrichment, the low permeance means large membrane area is
needed. This will increase the volume, weight and cost of the
membrane device.  The data given in Figure 1 for our CLM (closed
circles) shows the evolution of its performance [3-8] and the NASA
target. Our EBCLM both high permeance and high selectivity are
possible, making this CA based EBCLM desirable for use in the
capture of CO2 from very low concentration sources.
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Understanding EBCLM Performance

Because the configuration of EBCLM is complicated space and time
restrictions prevent full coverage of the topic. The focus here is on a
few select influences on EBCLM performance. These include CA
chemistry and the influence of environmental factors on CA activity;
physical and chemical configuration of the EBCLM (e.g., LM
thickness, buffer composition and buffer concentration), and
operational factors which influence optimization of the EBCLM
design for use in a particular application (e.g., effects of feed and
sweep gas composition and pressure).

CA Chemistry
CA is a naturally occurring enzyme that increases the rates of

hydration of CO2 to form H2CO3, and the dehydration of H2CO3 to
form CO2. As expected from the importance of CO2 to living
organisms CA is present in all animals, most plants, and many fungi,
archaea, and bacteria. CA provides a means of making a set of
reactions that occur quickly at extremes of pH occur quickly at more
neutral pH.  Figure 2 illustrates, as a function of pH, the rates of CO2

hydration and dehydration for both the uncatalyzed and the CA
(HCA II) catalyzed conditions. From Figure 2 it is clear that without
CA low values of pH favor the dehydration of H2CO3; high pH favors
hydration of CO2; and over the range of pH shown (5 to 10) both
rates are quite slow.  When CA is present there is an approximately
100 to 1000 times increase in the rate of the hydration and
dehydration reactions over this entire pH range.

Figure 2.  Effect of pH on the Rates of CO2 Hydration and H2CO3
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Figure 3. Effect of Thickness on separation performance

Other influences on CA activity include temperature, ionic strength,
the concentrations of carbonate and bicarbonate, and the
concentration of specific inhibitors of the enzyme such as halides.
The particulars of these influences depend on which CA isozyme is
in use

EBCLM Configuration – Liquid Membrane Thickness

Figure 3 illustrates the way in which liquid membrane thickness
influences the selectivity and permeance of the EBCLM.  The results
show that as thickness increase, selectivity increases but permeance
decreases.

Conclusions

The creation of a CA-based EBCLM accomplishes the
following: the generation of a highly selective, high permeance CO2

capture membrane capable of removing CO2 from a variety of gas
mixtures over a range of temperatures and pressures. The CO2 can be
removed when very dilute (<0.1%) to moderate concentrations
(~20%). In current form this system is capable of operating to at least
45°C but may be modified to temperatures possibly as high as 75oC.
The system operates independent of relative humidity in the feed or
sweep streams and can use a wide variety of gases in the sweep. The
design relies on CA to convert a solution-limited process to a
diffusion-limited process. Finally, the various parameters controlling
the design can be identified, analyzed, modeled and independently
manipulated. The performance characteristics, if maintained on
scaling and with long-term stability support the idea of a dramatic
improvement in CO2 capture efficiency and consequent decrease in
cost, a key to industrial and environmental application.
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Introduction 
Aqueous solutions of amines have long been used by industry as 

absorbents for acid gas (CO2, H2S) removal, and in fact provide a 
large percentage of the natural gas sweetening operations1.  While 
these chemical solutions have found a dominant position in the 
natural gas and refinery gas treatment, they have several 
shortcomings that can be greatly mitigated by immobilizing them into 
a solid polymeric support, an approach that has been used by NASA 
to provide regenerative CO2 removal on long-term space shuttle 
orbiter missions1.   

Recent research in our group has produced a new solid amine 
CO2 sorbent that has displayed approximately a twofold increase in 
cyclic CO2 removal capacity over the material presently operated on 
board the space shuttle.  This boost in capacity has been achieved 
through the application of a stable secondary amine onto a solid non-
ionic polymeric support.  This new sorbent may have applicability in 
the global search for methods to reduce greenhouse gas emissions.  
When combining these solid amine sorbents with a sequestration 
mechanism, long term, lower energy CO2 sequestration systems may 
be achieved. 

The first and foremost shortcoming presented by aqueous liquid 
amine systems comes from their corrosive effects on the metal piping 
systems used to contain them.  The combination of acid gases and 
high pH sorbents can greatly accelerate the corrosive action on many 
mild steel components (valves, piping and pipe fittings). Numerous 
additives are frequently added to the aqueous liquid amine systems to 
minimize foaming, prevent corrosion, and promote the acid gas/ 
amine reaction.  Our solid amine system greatly diminishes the 
corrosion concern and eliminates the need for many additives like 
foam depressants.   

When applied as a fixed sorbent bed the solid amine system has 
the potential to simplify the present scrubbing system.    
Incorporating a  solid amine system has the potential for eliminating 
several of the phase separation steps, as well as requiring a smaller 
absorbing and desorbing column.  The smaller columns come from 
the higher amine/gas contact efficiency and increased amine density 
possible with the solid support pellets versus the packed trays 
typically used in the liquid systems.  Finally, eliminating the aqueous 
carrier liquid offers the potential of lower regeneration energy.  The 
liquid amine systems consistently keep amine concentrations below 
30%, chiefly for corrosion concerns, however this reduced 
concentration raises both the fluid circulation rate and the 
regeneration energy costs. 
 
Experimental 

 
Amine Types.  
Figure 1 shows the three amine types for the ethanolamine 

molecules investigated, monoethanolamine (MEA, primary), 

diethanolamine (DEA, secondary), and triethanolamine (TEA, 
tertiary).     

 

 
 

Figure 1. Amine Types MEA, DEA, TEA. 
 

These amine types were immobilized into the pores of HP2MG, 
a poly(methylmethacrylate) support manufactured by Mitsubishi 
Chemical.  This non-ionic polymeric support provided a high surface 
area (475 m2/gm), large pore volume (1.2 ml/gm) to retain the amine 
and produced a pseudo-solid acid gas removal bead. 

TEPAN a reaction product of TEPA (tetraethylenepentamine) 
and acrylonitrile, Figure 2, was also investigated for its CO2 removal 
capacity while loaded onto the same PMMA support.  Unlike the 
MEA, DEA and TEA, this amine, TEPAN, is not an alkanolamine. 
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Figure 2. Schematic of TEPAN Molecule 
 
Sorbent Manufacture.  
Solvent evaporation with a rotary evaporator was used to 

immobilize the amine within the pores of the support.  In this process 
we mixed the amine to be impregnated with an equal volume of 
methanol.  The alcohol allowed the amine mixture to diffuse into the 
bead pore volume much more rapidly.  The alcohol also allowed the 
support to become easily wetted by the amine/alcohol solution, as 
well as reduced the viscosity of the mixture.  We heated the solution 
and porous beads to 100 °C while under a slight vacuum (~4-8 psia).  
This step allowed us to evaporate the alcohol from the support while 
leaving the amine within the pores.  After the bulk of the alcohol had 
been  removed as vapor we removed the beads from the flask and 
tested their capacity for CO2 removal. 
 

Capacity Measurements 
We used a 110 cc aluminum reactor to retain the solid amine 

beads while testing their capacity for CO2 removal.  This reactor used 
a fine mesh screen at the inlet and outlet face to hold the beads within 
the reactor volume.  An open cell aluminum foam (10% density) was 
also brazed into the reactor cavity.  This foam coupled with the 
aluminum of the reactor housing provided an essentially isothermal 
test for both the absorb and desorb cycles.  The testing used a fixed  
inlet concentration of 1 kPa of CO2 with the balance being N2 and 
water vapor at a total pressure of 1 atmosphere.  An IR CO2 analyzer 
monitored the outlet CO2 concentration during the fixed absorption 
time period (25 minutes).  After the absorb period an equal time (25 
minutes) of vacuum desorption allowed the sorbent beads to partially 
regenerate.  The data reported represents the steady state working 
capacity of the various sorbents.  The amines can remove CO2 more 
effectively with moisture, so the inlet gas stream was maintained at a 
7 °C Dew point for all the tests.  
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Results and Discussion 
Figure 3 shows the comparison between the three amine types.  

A nearly 50% increase in the amine cyclic utilization was achieved 
for the secondary amine (DEA) compared with the primary amine 
(MEA).  The slight variation in amine loading was (0.22M vs. 
0.26M) removed by normalizing the capacity data based on the total 
amount of amine present.  The low capacity shown by the tertiary 
amine is not surprising at these low CO2 concentrations.  The weak 
bond formed between the tertiary amine and the CO2 molecule does 
not provide a ready means for removing the acid CO2 molecule from 
our gas stream. 
 

Comparison of alkanolamine
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Figure 4. Normalized CO2 Removal Capacity for variable loading of 
TEPAN amine within HP2MG support. 
 
   
  
Amine pH Viscosity 

cp 
BP  
°C 

MW 

MEA 11.66 18.9 171 61 
DEA 11.32 352 269 105 
TEA 10.55 614 340 149 
TEPAN 10.98 750  311 
 
Table 1. Physical/Chemical Property Data of amine types  
 Figure 3.  Normalized CO2 Removal capacity for Primary (MEA), 

Secondary (DEA) and Tertiary (TEA) amine. Conclusions 
 The results of the alkanolamine CO2 removal testing clearly 
show the higher working capacity displayed by secondary amines.  
The primary amines also show some effective affinity, but are clearly 
eclipsed by the secondary amines.  The tertiary amines display a very 
weak capacity for CO2 at the low levels (1 kPa) tested here.  

 
 Figure 4 below shows the effect of amine loading within 
the support on its utilization in removing the CO2 gas.  The 4X (0.114 
M – 0.515 M) range in amine loading within the support did not 
appreciably change the utilization of the amine on the support.   This 
indicates that any surface interaction between the support and the 
amine did not diminish the activity of the amine for CO2 removal.  If 
interaction between the amine and the support had occurred, we 
would expect a difference in the amine utilization curves especially at 
the lower loadings.  The shallower slope and lower utilization limit 
shown by the higher amine loadings in Figure 4 simply are an artifact 
of the fixed cycle time used.  If the cycle had been extended for the 
higher loading case a similar utilization limit, as shown by the lower 
loadings, would have been reached.  

 All of the TEPAN amine results shown in Figure 4 display 
a similar asymptotic limit in CO2 capacity, normalized for the amount 
of amine present on support.  These curves show that the amine and 
support do not interact, at least in a manner that renders the 
functional site on the amine molecule unavailable for CO2 removal.  
The lower amine loadings did not display any reduction in amine 
utilization as would be expected if surface/amine interaction affected 
the amine functional group. 
 
Acknowledgment  Table 1 below shows a comparison of the 

physical/chemical properties of the 4 amines reported in this preprint.  
All four of the amines show a similar range of pH values.  The large 
range in viscosity values do not provide any indication in the CO2 
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no capacity for CO2 removal.   
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ABSTRACT 
The capture of CO2 from gas streams has been achieved by the 
utilization of amine- enriched, solid-sorbent systems.  The initial 
solid sorbents were generated by the chemical treatment of carbon-
enriched fly ash concentrates with various amine compounds. It was 
determined that these amine-enriched fly ash carbon concentrates 
performed at a 18 % CO2 capture capacity based on commercially 
available sorbents.  Alternative oxygen rich solids, such as, silica gel, 
activated carbon, and molecular sieves were examined as potential 
sorbents for the capture of CO2 from gas streams.  The chemical 
sorption performance of these solid amine sorbents will be described 
within this paper. 
 
Keywords: carbon dioxide, capture, and amine sorbent 
 
INTRODUCTION 
The concentration of CO2 in our atmosphere is promoted by the 
combustion of fossil fuels for the generation of electricity.   
Capturing CO2 from flue-gas streams is an essential parameter for the 
carbon management for sequestrating of CO2 from our environment.   
Current technologies1 being considered for CO2 sequestration 
include: disposal of CO2 in deep oceans; depleted oil and gas fields; 
deep saline formations (aquifers); and recovery of enhanced oil, gas, 
and coal-bed methane.  However, the current cost for the utilization 
of these types of technologies has proven to be too expensive.   
Consequently, reducing the cost for the capture of CO2 will be a 
critical step in the overall carbon management program. 

 
The physical and chemical adsorption of CO2 can be achieved by 
using solvents, cryogenic techniques, membranes, and solid sorbents.  
The large-scale operation of these technologies is energy intensive 
when applied to capturing CO2 in dilute stream, such as flue gas, 
which consist of 15% CO2 by volume for most coal combustion 
systems. Amine-based, solvent-capture systems are the most energy 
efficient option, but are energy intensive due to the large amount of 
water needed in these system.  Excessive water is required because of 
the corrosion and air flow problems created by the use of 
monoethanolamine (MEA), diethanolamine (DEA), or 
methyldiethanolamine (MDEA) in these aqueous-based, CO2-capture 
systems.  The proposed reaction sequences for using primary, 
secondary, and tertiary alkanolamines reacting with dissolve CO2 are 
shown below. 

 
Solid-amine CO2 sorbents should have similar reactions with 
airborne CO2, water vapor, and the amine functional group on its 
surface.  Consequently, these types of sorbents are being used in 

aircraft, submarine, and spacecraft technologies2-4.  However, the 
cost of these sorbents is too expensive for large-scale applications in 
the utility industry.  Consequently, the development of economical 
amine-enriched sorbents based on carbon fly ash and other oxygen 
rich sorbents will be discussed within this paper. 
 
EXPERIMENTAL PROCEDURES 
Samples--A fly ash containing 9.5% of unburned carbon was 
collected from the bag house of the 500-lbs/hr-combustion unit at the 
National Energy Technology Laboratory (NETL).  The fly-ash 
sample examined in this study resulted from the combustion of a 
Pittsburgh-seam coal from the Black Creek mine.  A column 
agglomeration process5-6 developed at NETL was use for the 
collection of the unburned carbon samples.  

The three alternative oxygen rich solid substrates that were examined 
as CO2 capture sorbents were a silica gel (grade 3, 8 mesh) from 
Aldrich Chemical Company, a coal based activated carbon from 
Calgon Inc. and a 13X molecular sieve from Sud Chemie. 

Amine Treatment Process--The actual conditions for incorporating 
the amine group into the structure of the unburned carbon samples 
will not be discussed in this paper due to pending patent applications. 
 
CO  2 Capture Capacity--The chemical CO2 capture capacities were 
determined by the combination of Diffuse Reflectance Infrared 
Transform Spectroscopy (DRIFTS) Temperature Programmed 
Desorption (TPD) and Mass Spectroscopy (MS) analyses. The 
physical adsorption of CO2 was not analyzed due to the limitations of 
the experimental reactor systems.  The detailed operating conditions 
for this procedure were previously described in the literature7.  
 
RESULTS AND DISCUSSION 
Initially, the original fly-ash concentrates (95) were generated from 
the feed fly ash (59) by using the column agglomeration process.  
The amine treated carbon concentrates (95A, 95B, and 95C) were 
then examined as CO2 capture sorbents.  These samples were place in 
a H2O/CO2/He stream and DRIFTS, TPD, and MS analyses 
determined the CO2 capture capacity.  The adsorption/desorption of 
CO2 for these samples were determined over the temperature range 
of 25 –120 oC.  Typical DRIFTS and TPD/MS spectra are shown in 
figures 1 and 2.   According to the DRIFTS spectra, the formation of 
the corresponding carbamate-amine product was indicated by the 
presence of the two peaks at 1087 and 1148.  The other major peaks 
at approximately 2380 are the physically adsorbed CO2.  The 
desorption of the CO2 was observed as the temperature was increased 
to 120 oC.  At this elevated temperature, the TPD/MS spectra 
indicates the mass numbers (m/e) for the desorption of CO2 (m/e 44), 
H20 (m/e 18), O2 (m/e 32) and CO or N2 (m/e 28).  The m/e value of 
28 may be the decomposition of the surface amine compound or the 
breakdown of the carbamate amine product.  If this is the 
decomposition of the surface amine compound, it will have a direct 
effect on the regenerable properties of these sorbents. The overall 
CO2 capture capacities are summarized in Table 1. 
 
Table 1: TPD CO2 Desorption Data of Amine Treated Sorbents 

R1R2NH+ + R1R2NCO2
-

R1R2R3NH+ HCO3
-

Formation of the zwitterion ion:
(1)  R1R2NH + CO2  R1R2NH+CO2-

Formation of amine carbamate:
(2) R1R2NH + R1R2NH+CO2
Protonation of amine:
(3) R1R2R3N + H2O + CO2 (aq)

Sample # Treatment µmol/g CO2 Captured 
59 Feed Fly Ash None 24.4 
95 Carbon None 72.9 
95 A Carbon A 81.1 
95 B Carbon B 117.9 
95 C Carbon C 174.6 
95C Carbon (rengenerated) C 140.6 
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3. US Patent 5,492,683, Bibara P.J., Naletta T. A. “Regenerable 
Support Amine Polyol Sorbent,” 1996. 

As shown in Table 1., the physical absorbed CO2 in samples 59 and 
95 increased with the amine chemical treatment.  The best sample 
was 95C, which had the CO2 capture capacity of 174.5 µmol/g, and 
was regenerable for an additional test (140.6 µmol/g).  In comparison 
to commercially available sorbents with surface areas of 1000-1700 
m2/g and CO2 capture capacities of 800-1000 µmol/g, the 95C was 
only able to achieve 18 % of the CO2 capture capacity.  However, the 
surface area of the 95C amine- enriched sorbent was only 27 m2/g, 
which may account for its low CO2 capture capacity.   

4. US Patent 5,876,488, Bibara P. J. Filburn T. P., Nalette T. A. 
“regenerable Solid Amine Sorbent,” 1999. 

5. US Patent 6,126,014, Gray, M. L., Champagne, K. J., and 
Finseth, D. H. “Continuous Air Agglomeration for High Carbon 
Fly Ash Benefication,” 2000. 

6. Gray, M. L., Champagne, K. J., Soong, Y., and Finseth, D. H. 
“Parametric Study of the Column Agglomeration of Fly Ash,” 
Fuel, Vol. 80, pp. 867-871, 2001.  
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Stevens, Jr., R. W., Toochinda, P., and Chuang, S. S. C. “Novel 
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Fuel preprint, 46 (1), pp. 285, 2001. 

Alternative oxygen-rich solid substrates tested as amine-enriched 
sorbents for the capture of CO2 are summarized in Table2. 
 
 
Amine Treated Samples µmol/g CO2 

Captured 
% CO2 
Capacity1 

NETL Fly Ash 24.4 
Treated NETL Fly Ash 174.6 

 
615.5 

   
Silica Gel 4.9 
Treated Silica Gel 31.5 

 
531.2 

   
Calgon Activated Carbon  8.0 
Treated Calgon Activated Carbon 28.7 

 
258.7 

   
Sud Chemie Molecular Sieve 13X 13.6 
Treated  Sud Chemie Molecular Sieve 13X 15.8 

 
16.1 
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1 the percentage sorbent capacity is the change of the treated support  
 compared to the baseline support. 
 
According to Table 2, this amine treatment can be successfully 
applied on a variety of oxygen rich solid substrates, such as, silica 
gels, activated carbons, and molecular sieves.  The CO2 capture 
capacities were improved for all of the solid substrates tested, 
however, their performance were lower then the initial NETL fly ash 
sample examined under these reaction conditions. It is also important 
to point out that our current CO2 capture experimental procedures are 
based only on the chemical absorbed species; physical absorbed CO2 
is purged from the surface prior to the desorption stage.  
Consequently, additional work is required to refine the experimental 
procedures (include the physical absorbed CO2) and to increase 
capture capacities to the range of 800-1000 µmol/g, which will make 
them competitive with existing technology. Presently, additional 
materials with higher surface areas are being treated with this amine 
process and will be reported in future publications. 

Figure 1: Typical DRIFTS CO2 absorption spectra for 95C 
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CONCLUSION  
The amine treatment process was successful in improving the CO2 
capture capacities of these fly-ash carbon concentrates and oxygen 
rich solid substrates.  However, the performance of the regenerable 
sorbents was only able to reach 18 % of the required CO2 capture 
capacity to make them competitive with the existing CO2 sorbents.  
Alternative low-cost, high surface oxygen-rich solid substrates and 
CO2 capture procedures are being examined and will be reported in 
future publications. Figure 2: Typical TPD/MS spectra for  95C  
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Introduction
Gas separation processes are becoming increasingly important in

a world changing the way it looks at energy production and its
emissions. Increased energy demand has led to an increase of fossil
fuel burning, releasing large amounts of gases such as CO2 into the
atmosphere. This is the major cause of several environmental
phenomena, including the ‘greenhouse effect’1.

Methods for long-term sequestration of CO2 have been
proposed. Long term storage in used oil wells and deep ocean waters
is being considered as an alternative to releasing CO2 into the
atmosphere.2 There are also proposals to re-use CO2 produced from
one process in another process such as dry reforming of natural gas.3

However, such applications would require CO2 to be ‘captured’ in
concentrated form.

One common method for CO2 separation from mixed gas
streams is by absorption in aqueous solutions of alkanolamines4, for
example monoethanolamine (MEA) or diethanolamine (DEA). It is
widely accepted that CO2 becomes absorbed via the formation of
both carbamates and bicarbonates.

However, some of the problems associated with this absorption
approach include: (a) the corrosive nature of the scrubbing solutions
leading to the build up of corrosion by products; (b) vapourisation
losses due to relatively high volatility of alkanolamines; and (c)
energy intensive regeneration of the absorbent solutions, due to high
heats of dissolution4.

A recent report by Leal et al5,6 indicated that CO2 reversibly
adsorbs on silica gel (Davidson grade 62) modified by the addition of
3-aminopropyl groups bonded to the surface. In this solid phase
analogue of the liquid phase process the amine functional groups
behave as active sites for CO2 chemisorption. Adsorption capacities
of approximately 10 STP cm3 dry CO2 per gram of adsorbent (or
1.8% by weight) were achieved at room temperature and the CO2

could be desorbed at temperatures below 100ºC. The mechanism of
adsorption appears to involve the formation of surface bound
carbamates (see Figure 1).  In dry CO2, this limits the adsorption
capacity to 1 mole of CO2 for every 2 moles of surface bound amino
groups. In the presence of water, however, the capacity for CO2

adsorption doubles since the possibility for proton transfer allows the
carbon dioxide adsorption capacity to be doubled by the
transformation of surface bound carbamate into bicarbonate.

Figure 1. Scheme of the surface reaction of carbon dioxide with
modified HMS materials

The silica gel used by Leal et al has a substantial surface area
(380 m2/g), but we reasoned that much improved CO2 adsorption
capacities could be achieved with (a) the use of higher surface area
support materials and/or (b) the use of surface modifying groups that
contain more amine functional groups.

In this study, solid phase hexagonal mesoporous silicas (HMS)
of known porosity (pore diameter) were modified using aminopropyl-
trimethoxysilane and related compounds to provide very high surface
area materials with varied concentrations of surface bound amine and
hydroxyl functional groups (see Figures 2 and 3).

Figure 2.  Modified HMS materials with increasing amine content
employed in the present study.

Figure 3.  Modified HMS materials with increasing hydroxyl group
content employed in the present study.

Experimental
Preparation of HMS.  HMS materials were prepared by the

neutral template method7 using dodecylamine (DDA). The reaction
involved the addition of tetraethyl-orthosilicate to the amine template
in a water and ethanol solution, which was left to age at ambient
temperature for 24 hours. The solvent was then removed from the
crude "template filled" silica formed via evaporation under gentle air-
flow at ambient temperature. The template was subsequently
extracted from the crude silica into hot ethanol.  The remaining solids
were then collected over filter, washed with hot EtOH and finally
dried under vacuum at 150ºC to form an HMS product with a total
pore volume of 0.53 mL/g.

Preparation of Hybrid HMS. Five modified HMS materials
were prepared as illustrated by Figures 2 and 3. Aminopropyl-
trimethoxysilane (APTS), aminoethyl-aminopropyl-trimethoxysilane
(AEAPTS) and N-[3-(Trimethoxysilyl)propyl)diethylenetriamine
(DAEAPTS) modified HMS were prepared in toluene solution (room
temperature, 2h) using a published alkylsilylation procedure8.
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Ethylhydroxyl-aminopropyl-trimethoxysilane (EHAPTS) and
diethylhydroxyl-aminopropyl-trimethoxysilane (DEHAPTS)
modified HMS were prepared by N-alkylation of the APTS HMS
using bromoethanol in ethanol solution (room temperature, 2h). The
modified silica was then filtered and dried under vacuum at 150ºC.

Characterization of Materials.  N2 adsorption/desorption
experiments were conducted at –196°C using a Micromeritics ASAP
2010 instrument. BET surface areas (SA) were determined from the
adsorption isotherms over the partial pressure range 0.05 - 0.22. BJH
pore size distributions were determined from the desorption
isotherms. Mass % elemental N compositions were determined by
CMAS P/L, Belmont Vic.

Carbon Dioxide Adsorption.  CO2 adsorption and desorption
experiments were conducted on a Setaram Thermogravimetric
analyzer (TGA). In a typical experiment, the adsorbent sample was
heated to 150ºC (held 40 min) under flowing Ar (60 mL/min) to
remove residual water. The sample was cooled to 20ºC before the gas
flow was switched to CO2. CO2 adsorption capacities were
determined from the weight increase observed after 75 minutes CO2

exposure.  After 75 minutes, the gas flow was reverted to Ar so as to
monitor the CO2 desorption.  Approximately 90% of the adsorbed
CO2 was desorbed immediately.  The remaining CO2 was removed by
heating the adsorbent to 65ºC. High purity CO2 (99.95%) was used
with a manufacturer specified moisture content of <100 ppm. In some
experiments, a molecular sieve trap was placed on the feed gas line to
ensure the complete exclusion of water from the gas feed stream.

Results and Discussion
Table 1 reports the properties determined from nitrogen

isotherm characterization of the HMS materials prepared in this
study. It can be seen that the unmodified HMS material has an
average pore diameter and surface area of 24.1Å and 1425m2/g,
respectively. Both these figures are substantially higher than the
corresponding figures (14.0Å and 340m2/g, respectively) reported for
silica gel described in references 5 and 6. In addition, it can also be
seen that the pore diameters and surface areas are both reduced as the
length of the modifier used or the extent of substitution at the N atom
increases.

Table 1.  N2 Isotherm Results for Modified HMS Materials

Sample BET SA
(± 10m2/g)

BJH  Av. Pore Dia.
(± 0.2Å)

HMS 1425 24.1
HMS-APTS 1268 20.1
HMS-AEAPTS 1047 19.6
HMS-DAEAPTS 869 18.6
HMS-EHAPTS 1186 19.3
HMS-DEHAPTS 1108 19.0

Table 2 reports the carbon dioxide adsorption capacities that
were observed for these materials. The unmodified HMS material
itself has the capacity to adsorb 2.0% CO2 by mass. This is already
higher than the 1.8% reported for APTS modified silica gel.
However, the CO2 adsorption capacity is substantially further
improved through modification with N-containing tethers. HMS-
APTS adsorbs 3.8% CO2 by weight and the incorporation of more N
atoms and/or hydroxyl groups into the tether increased CO2

adsorption still further.  In all cases the, adsorbed CO2 was
completely desorbed at temperatures below 100ºC.

It is interesting to note that for HMS-APTS, HMS-AEAPTS and
HMS-DEAPTS the ratio of carbon dioxide molecules adsorbed per

available N atom is approximately 0.5. This is consistent with the
carbamate formation mechanism postulated for silica gel (Figure 1).

Table 2.  CO2 Adsorption Results for Modified HMS Materials

Sample Weight % N
incorporated

in sample
(± 0.1)

CO2

adsorption
capacity

Weight %
(±0.1)

mole CO2

adsorbed /
mole N

incorporated

HMS 0 2.0 -
HMS-APTS 2.3 3.8 0.54
HMS-AEAPTS 5.1 7.5 0.46
HMS-DAEAPTS 6.4 8.2 0.41
HMS-EHAPTS 2.1 5.0 0.74
HMS-DEHAPTS 1.5 5.1 0.98

With HMS-DEHAPTS the ratio is approximately 1. Tertiary
amines cannot form stable carbamates so that another mechanism
must be invoked to explain the substantial enhancement of adsorption
capacity (and changed stoichiometry) that is observed in the presence
of hydroxyl groups.  Currently it is thought that the hydroxyl groups
may serve to stabilise carbamate type zwitterions in a manner
depicted by Figure 3.  The CO2 adsorption behaviour of HMS-
EHAPTS can then be understood as a mixture of the two mechanisms
(some carbamate formation and some zwitterion stabilization).

Figure 3. Proposed scheme of the surface reaction of carbon dioxide
with HMS-DEHAPTS.

Conclusions
Modified HMS materials have been shown to reversibly adsorb

substantially more CO2 than previously observed for modified silica
gel.  There is substantial scope to further tailor the surface of HMS
materials to achieve higher adsorption capacities and more selective
adsorption behaviour. On a stoichiometric basis the same adsorption
capacities are observed as for the liquid phase absorption process.
Thus the development of a solid phase adsorption analogue of the
current liquid phase absorption process may offer technical benefits.
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Introduction 
Fossil fuels will remain the mainstay of energy production well 

into the 21st century. The availability of these fuels to provide clean, 
affordable energy is essential for prosperity and security in the world. 
However, an increase in the concentration of CO2 in the atmosphere 
due to carbon emissions is expected to occur unless energy systems 
incorporate carbon emission reduction concepts. Carbon 
sequestration, along with reduced carbon content of fuels and 
improved efficiency of energy production and use are considered to 
be viable ways to stabilize and ultimately reduce the concentration of 
this greenhouse gas.1 For carbon sequestration, the costs of separation 
and capture are generally estimated to make up about three quarters 
of the total costs of ocean or geologic sequestration.2 Novel 
technologies to decrease the cost of CO2 separation have great social 
and commercial value.  

Adsorption is one of the promising methods that could be 
applicable for separating CO2 from gas mixtures. Generally, 
molecular sieves and activated carbons yield relatively high 
adsorption capacity.3-4 However, these adsorption capacities rapidly 
decline with incremental increase in temperature and separation 
factors are low. For practical use, many of the separations require 
operation at relatively high temperature, e.g., ~150 oC for flue gas. 
Developing an adsorbent with high CO2 selectivity and high CO2 
adsorption capacity, which can also be operated at relatively high 
temperature, is critical for the success of this method.  

Recently, we developed a new kind of high-capacity, highly 
selective CO2 adsorbent, which is a CO2 “molecular basket”.5 By 
loading the sterically branched polymer polyethylenimine (PEI), 
which has branched chains with numerous CO2-capturing sites such 
as amino groups, into the large pore volume of MCM-41, its 
adsorption capacity was significantly increased. In this paper, the 
preparation approaches to further improve the CO2 adsorption 
performance of the novel “molecular basket” are reported. The 
synergetic effect of the MCM-41 on the adsorption of CO2 by the PEI 
is discussed.  
 
Experimental 

Mesoporous molecular sieve of MCM-41 with different Si/Al 
ratios was synthesized as reported in a previous publication.6 The PEI 
modified MCM-41 (MCM-41-PEI) was prepared by the wet 
impregnation method. In a typical preparation, the desired amount of 
PEI was dissolved in 20 g methanol under stirring for about 15 min, 
after which 5 g of calcined MCM-41 was added to the mixture 
solution. The resultant slurry was continuously stirred for about 30 
min and dried at 70 oC for 16 h under vacuum. The preparation 
conditions, such as PEI loadings, preparation methods, Si/Al ratio of 
the MCM-41, and third component of PEG were investigated.  

The mesoporous molecular sieves of MCM-41 before and after 
modification were characterized by X-ray diffraction (XRD, Rigaku 

Geigerflex), N2 adsorption/desorption (Quantachrome Autosorb 1) 
and thermalgravimetric analysis (TGA, PE-TGA 7).  

The adsorption and desorption performances of the adsorbents 
were measured in a flow system under pure CO2 atomosphere at 75 
oC. A PE-TGA 7 thermalgravimeter was used to track the weight 
change of the adsorbent in the experiments. Adsorption capacity in 
mg of adsorbate/g of adsorbent and desorption capacity in percentage 
were used to evaluate the adsorbent and were calculated from the 
weight change of the sample in the adsorption/desorption process. 
The desorption capacity in percentage was defined as the ratio of the 
amount of the gas desorbed to the amount of gas adsorbed.  
 
Results and Discussions 
1 Preparation and characterization of MCM-41-PEI 

The MCM-41-PEI with different PEI loadings was prepared and 
characterized by XRD, N2 adsorption/desorption and TGA. After 
loading the PEI, the structure of the MCM-41 was preserved. 
However, the intensity of the diffraction patterns of the MCM-41 
decreased. Meanwhile, the Bragg diffraction angle of the 100 plane 
of MCM-41 slightly shifted to a higher degree, which indicated that 
the PEI was loaded into the channels of the MCM-41.6 N2 
adsorption/desorption showed that the pore size, surface area and 
pore volume decreased after loading the PEI, which confirmed that 
the PEI was loaded into the channels of the MCM-41. When the PEI 
loading was 50 wt%, the mesopores were completely filled with PEI.  

TGA results showed that there was no weight loss for MCM-41 
until 600 oC. The PEI lost 3.8% of its original mass at 100 oC, and 
began to decompose above 150 oC. A sharp weight loss happened at 
205 oC. At 600 oC, the PEI was completely decomposed and removed 
as volatiles. After the PEI was loaded into the channels of the MCM-
41, a sharp weight loss takes place at a lower temperature, e.g., 125 
oC for MCM-41-PEI with PEI loading of 50 wt%, which indicated 
that the decomposition temperature of PEI had decreased. The weight 
loss also took place in a narrower temperature range than that of the 
pure PEI. These phenomena can be ascribed to the uniform 
dispersion of the PEI throughout the nanopores, since the melt or 
decomposition temperature will decrease when the particle size of the 
substance decreases.7 
 
2 Adsorption performance of MCM-41-PEI 
2.1 The influence of preparation method  

Two methods, i.e., wet impregnation and mechanical mixing, 
were employed for the preparation of the MCM-41-PEI adsorbent. 
The PEI loading was 50 wt%. The adsorption capacity was 99 mg/g 
adsorbent for the adsorbent prepared by the mechanical mixing 
method and 112 mg/g for the adsorbent prepared by the wet 
impregnation method. The high adsorption capacity of the wet 
impregnation method can be ascribed to the uniform dispersion of the 
PEI into the channels of the MCM-41. For the mechanical mixing 
method, only part of the PEI was loaded into the channels of the 
MCM-41. The remaining PEI may coat the outer surfaces of the 
particles as a thick layer, which may block CO2 adsorption sites and 
impede CO2 from accessing the channels of the molecular sieve. 
 
2.2 The influence of PEI loading 

The influence of PEI loading on the CO2 adsorption 
performance of MCM-41-PEI was investigated and the results are 
shown in Figure 1. Before the PEI was loaded, the bare MCM-41 
showed a CO2 adsorption capacity of 8.6 mg/g adsorbent. After 
loading the PEI, the adsorption capacity increased. The adsorption 
capacities were 112 mg/g adsorbent and 133 mg/g adsorbent for PEI 
loadings of 50 wt% and 75 wt%, respectively, both of which are 
higher than that of the pure PEI of 109 mg/g adsorbent. The MCM-41 
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showed synergism for the adsorption of CO2 by PEI. The desorption 
was complete for all the MCM-41-PEI adsorbents as well as the 
MCM-41 support. However, desorption for the pure PEI was slow 
and was not complete for the same desoption time. The fast 
desorption of CO2 from MCM-41-PEI can be explained by the high 
dispersion of PEI into the MCM-41 channels, which was indicated by 
the N2 adsorption/desorption and the TGA data.  
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Figure 1 The influence of PEI loading on the adsorption and 
desorption performance of MCM-41-PEI 
 
2.3 The influence of the Si/Al ratio of the MCM-41 

A change in the Si/Al ratio of the MCM-41 will not only change 
the physical properties of the support (e.g., pore size, pore volume 
and surface area), but also change the interaction between the support 
and PEI.  Figure 2 shows the adsorption capacity of MCM-41 and 
MCM-41-PEI with different Si/Al ratios. The adsorption capacity 
was nearly identical for the MCM-41 support with different Si/Al 
ratios. However, the Si/Al ratio of the MCM-41 influenced the 
adsorption capacity of MCM-41-PEI. The higher the Si/Al ratio, the 
higher the adsorption capacity. The adsorption capacity of MCM-41-
PEI with a Si/Al ratio of 100 was 12 % higher than that of MCM-41-
PEI with pure silica. 
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Figure 2 The influence of Si/Al ratio on the adsorption performance 
of the MCM-41-PEI (PEI loading: 50wt%) 
 
2.4 The influence of third component of PEG 

The influence of the third component of PEG on the 
adsorption/desorption performance of the MCM-41-PEI was 
investigated. Figure 3 compares the adsorption and desorption 
performance of the adsorbent with and without the addition of PEG. 

The adsorption and desorption rates of the MCM-41-PEI-PEG were 
faster than those of the MCM-41-PEI. In addition, the adsorption 
capacity of the MCM-41-PEI-PEG was higher than that of MCM-41-
PEI.  
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Figure 3 The effect of PEG on the CO2 adsorption/desorption 
performance of MCM-41-PEI. (PEI loading: 30 wt%, PEG loading: 
20 wt%) 
 
Conclusion 

A novel CO2 “molecular basket” based on PEI modified 
mesoporous molecular sieve of MCM-41 (MCM-41-PEI) has been 
successfully developed. The MCM-41 had a synergetic effect on the 
adsorption of CO2 by PEI. By loading substances with affinities for 
different gases to the mesoporous molecular sieve, this concept can 
be used to develop different types of highly selective, high adsorption 
capacity “molecular baskets”. 
 
Acknowledgments 

Funding for the work was provided by the U.S. Department of 
Defense (via an interagency agreement with the U.S. Department of 
Energy) and the Commonwealth of Pennsylvania under Cooperative 
Agreement No. DE-FC22-92PC92162. 
 
Reference 
1. DOE Fossil Energy-Carbon Sequestration, 2001, 
http://fossil.energy.gov/coal_power/sequestration/index.shtml 
2. DOE, Carbon sequestration research and development, Chapter 2-
Separation and capture of carbon dioxide. 1999 
3. Ishibashi, M.; Ota, H.; Akutsu, N.; Umeda, S.; Tajika, M.; Izumi, 
J.; Yasutake, A.; Kabata, T.; Kageyama, Y. Energy Conv. Manag., 
1996, 37, 929-933.  
4. Foeth, F.; Bosch, H.; Sjostrand, A.; Aly, G.; Reith, T. Sep. Sci. 
Tech., 1996, 31, 21-38.  
5. Xu, X.C.; Andresen, J.M., Song, C.S., Miller, B.G., Scaroni, A.W. 
Energy  & Fuels, in preparation 
6. Reddy, K.M.; Song, C. Catal. Lett., 1996, 36, 103-109. 
7. Zeng, P., Zajac, S., Clapp, P.C., Rifkin, J.A. Mat. Sci. Eng. A-
Struct., 1998, 252, 301-306. 



Fuel Chemistry Division Preprints 2002, 47(1), 69

CO2  ELECTROCHEMICAL SEPARATION BY
MOLTEN CARBONATE TECHNOLOGY

Hidekazu Kasai

Energy System Technology Department
Ishikawajima-Harima Heavy Industries, Co., Ltd.,

2-16,Toyosu 3-Chome, Koto-ku,
Tokyo, JAPAN

Introduction
Molten carbonate (MxCO3) recognizes high activity and high

electrical conductivity under high temperature. Then its have been
used as electrolyte of MCFC•(molten carbonate fuel cell). In this cell
CO2 and O2 translate between as carbonate ions. This method is
expected to be applicable to CO2 and O2 recovery and production
processes.

The concentration of CO2 has been studied by Weaver1 using
MCFC. However, separation is also possible in other process using
molten carbonate as the electrolyte. In this case, electrical energy is
required for electrolysis. This system is shown schematically in Fig.1.
Electrode reactions are as follows,

Cathode  : CO2 + 1/2O2 + 2e- → CO3
2-     (1)

Anode   : CO3
2- → CO2 + 1/2O2 + 2e-      (2)

This electrochemical process can apply CO2 separation &
concentration systems. We have investigated this mechanism and
confirmed the CO2 separation2. This system has high efficiency and
can separate very low-level CO2 gas. (Less than 0.5%). farther this
system is very simple than other CO2 separation system because its
not needs mechanical pumping or pressurized system.

CO2 removed gas

D.C.

sourse

CO2 concentrated gas

iCO2 ,H2O j

CO2  containing gas
iCO2 ,O2 j

2e-
cathode

anode

electrolyte
2-

CO3 (CO2 )

Fig.1 Schematic drawing of CO2 separation using molten carbonate
electrolytic cell.

The reaction (2) is the reverse of (1). Raw gas is introduced into the
cathode and carbonate ions are formed. Carbonate ions move from
the cathode to the anode. CO2 and O2 are produced by the
decomposition of carbonate ions at the anode with a ratio of 2:1.
Therefore the concentration of CO2 at the outlet is 67 %. And 33 %
O2 is obtained theoretically, that means the concentration of O2 is

also increased in this process. The theoretical potential difference
Ur for reactions (1) and (2) is expressed as follows,

Ur = (RT/2F)ln(Pco2(a)Po2(a)
0.5/Pco2(c)Po2(c)

0.5)    (3)

Where (a) and (c) indicate the anode and cathode, respectively. When
oxygen pressure is the same at the cathode and anode at 923 K. Only
0.09 V is required for 10 times concentration of CO2. In this process,
the over potential arising from electrode kinetics and resistance of the
electrolytic cell are key factors for the practical application. Then we
attempted to confirm the concentration of CO2 in this study.

Experimental
   Cell components of the electrolytic cell are shown in Fig. 2.
SUS310S was used for housing material and the current collector was
SUS316L. The electrolytic matrix was LiAlO2 and the electrolyte is
carbonate mixture.

current collector

electrode

electrolyte plate

cell housing

Fig.2 The example of small Cell Components.

The electrolyte plates and electrodes were formed by tapecasting.
Both electrodes consist of porous NiO that oxidized and lithiated
with carbonate. These components specifications are described in
Table 1. We can make over 1m2 size of these parts. Cell operating
conditions are indicated in Table 2.

Parts
Material

Cathode
NiO(porous)

Anode
NiO(porous)

Electrolyte plate
Li2CO3/K2CO3=70/30(electrolyte)

LiAlO2(Matrix)

Table 1. Cell component specifications.

Result and Discussion
During electrolysis, the example of gas composition of

anode outlet is shown in Table 3. The concentration of CO2 in
Cathode inlet is closed to the value of the exhaust gas from
electric power station. Anode outlet gas was always maintained at
CO2 66.7 %, O2 33.3 %. CO2 concentration in the anode outlet gas
was 130 times higher than that of cathode inlet gas in our cell test.
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This composition is equal to the theoretical value determined based
on the stoichiometric ratio of carbonate ion decomposition at the
anode. Further more in this case, increase of O2 concentration is also
possible. The flow rate of anode outlet gas agreed with the theoretical
flow rate calculated from the cell current. Therefore it was found that
the current efficiency for CO2 separation was almost 100 %. At 150
mA/cm2 of current density, approximately 1 cm3 CO2 separates per
1cm2 electrode area from the cathode to the anode.

Temperature 923 K

Pressure 0.1Mpa

Cathode gas flow rate (inlet) 300 cm3/min

Anode gas flow rate (inlet) 0 cm3/min

Current density 0～150 mA/cm2

Table 2. Condition of cell test

Sampling
position

O2(%) N2(%) CO2(%)

Cathode inlet 20.9 70.6 0.5
Anode outlet 33.3 0 66.7
Table 3. the example of gas composition of cell

The cell voltage, which actually decided the efficiency, significantly
depended on current density during electrolysis. This relation is
shown in Fig.４.
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Fig.4   I-V curve of CO2  separation  at 923K. The gas composition of
Cathode is O2/N2/CO2=19/71/10

The cell voltage includes potential difference of both electrodes
gases, over potential of the electrodes reactions and internal
resistance of the cell (IR loss). IR loss of the cell was obtained by
internal resistance and current. Therefore over voltage (Up) of
reactions may be determined by subtracting potential difference (Ur)
for CO2 concentration from equation (3) and IR loss (UIR ) from total
cell voltage (U) by the equation (4):

Up = U - Ur - UIR                      (4)

From equation (4), the sum of over voltage due to cathode and
anode reactions was 200 mV. These result shown in Fig.5.
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Fig. 5 Constitution of cell voltage for electrolytic  CO2 separation at
923K. The gas composition of Cathode is O2/N2/CO2=19/71/10

Conclusion
  CO2 separation and concentration were confirmed to occur in a high
temperature electrolysis cell using molten carbonate and NiO
electrodes. Current efficiency was almost 100 % and stoichiometric
gas composition at the anode outlet was obtained.
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Table 1.  Apparatus and experimental conditions 
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Introduction 

In the past 60 years, the amount of anthropogenic carbon dioxide 
(CO2) emitted to the atmosphere, primarily because of expanding use 
of fossil fuels for energy, has risen from preindustrial levels of 280 
parts per million (ppm) to present levels of over 365 ppm.   
Consequently, the dire warning of severe weather perturbations and 
globally rising temperatures have been given.   Although scientists, 
engineers, policy makers, and others are looking for ways to reduce 
the growing threat of climate change, there is no single answer.   
Therefore, the development of carbon capture and sequestration 
technologies, which has accelerated greatly in the last decade, may 
play a significant role in addressing this issue.   Carbon sequestration 
can be defined as the capture and secure storage of carbon that would 
otherwise be emitted to or remain in the atmosphere.   In order that 
CO2 can be economically transported and sequestered, carbon capture 
prefers a relatively pure stream of the gas.   Pathways for carbon 
capture come from potential sources such as several industrial 
processes which produce highly concentrated streams of CO2 as a 
byproduct, power plants which emit more than one-third of CO2 
emissions worldwide and the production method of hydrogen fuels 
from carbon-rich feedstocks.   CO2 can be removed from the gas 
streams by physical and chemical absorption.   Recently, the chemical 
absorption using amines represents the most widely deployed 
commercial technology for capture.   However, in other commercial 
applications, the typical solvents for physically absorbing CO2 include 
glycol-based compounds and cold methanol.    

Methanol is a better solvent of CO2 than water, particular at low 
temperature, because the solubility of CO2 in methanol is 
approximately five times that in water at ambient temperature and 
eight to fifteen times that in water at temperatures below 273 K.1   
Therefore, methanol has been industrially used as the physical 
absorbent of CO2 in Rectisol method at low temperature.1   Currently, 
over 70 large-scale plants apply the Rectisol process. 

On the other hand, for the CO2 sequestration technologies, the 
chemical conversion of CO2 by radiochemical, chemical, 
thermochemical, photochemical, electrochemical and biochemical 
procedures has been of significant interest from the practical 
viewpoints.   The electrochemical method appears to be a very 
suitable method for the conversion and reduction of CO2.   Since the 
present conversion efficiencies of single crystal, polycrystalline and 
amorphous silicon solar cells attainable in laboratory experiments are 
at the respective levels of about 20 %, 15 % and 12%, respectively, 
one possible system to industrially convert CO2 to useful products 
may be a hybrid method of the solar cell and the CO2 electrochemical 
reduction cell.   Therefore, a combination technology of the Rectisol
CO2 absorption process and the electrochemical CO2 conversion 
method will be able to apply the large scale plant. 

Recently, many investigators have actively studied the 
electrochemical reduction of CO2 using various metal electrodes in 

organic solvents, because organic aprotic solvents dissolve much more 
CO2 than water.2-4   It has been described that low reduced products 
containing carbon monoxide, oxalic acid and formic acid were 
produced by the electroreduction of CO2 in dimethly sulfoxide, N,N-
dimethyl formamide, propylene carbonate and acetonitrile.   However, 
even at a cupper electrode, few hydrocarbons have been obtained in 
these organic solvents.   Therefore, we tried to the electrochemical 
reduction of CO2 at Cu electrode in methanol-based electrolyte.5-7   In 
the electrochemical CO2 reduction system using methanol, 
hydrocarbons were formed with relatively high Faradaic efficiencies 
and their Faradaic efficiencies increased with decreasing temperature. 

Since the electrochemical reduction of CO2 in organic solvents 
except for  methanol was investigated only at ambient temperature,2-4 
there is little information on the effect of low temperature on the 
electrochemical CO2 reduction in organic solvents.   Therefore, in the 
present paper, the electrochemical reduction of CO2 on copper 
electrode at 273 K are studied in a variety of organic solvents 
containing dimethly sulfoxide, N,N-dimethyl formamide, propylene 
carbonate, acetonitrile, ethanol, and methanol.   The product 
distribution in the electrochemical reduction of CO2 on copper 
electrode in methanol at 273 K is compared with those obtained in the 
residual organic solvents. 
 
Experimental 

The apparatus and experimental conditions for the 
electrochemical reduction of CO2 are shown in Table 1.   The 
electrochemical reduction of CO2 was performed in a home-made, 
divided H-type cell.   An Aldrich Nafion 117-type ion exchange 
membrane (0.18 mm thickness) was used as the diaphragm.   The 
cathode potential was measured with respect to a silver rod quasi-
reference electrode (QRE). 

Dimethly sulfoxide, N,N-dimethyl formamide, propylene 
carbonate, acetonitrile, ethanol, and methanol was used as the 
catholyte.   300 mmol-dm-3 lithium perchlorate (Nacalai Tesque, Inc.) 
was used as the ionophore in the catholyte.   Mechanical processing of 
the Cu and Pt electrodes required polishing each surface with 
successively finer grades of alumina powder (Baikalox emulsion, 
manufactured by Baikowski International Co.) down to 0.05 m, 
followed by the removal of grease with acetone.   Both electrodes 
were activated electrochemically at 500 mA, for 100 s, in 14.7 mol-
dm-3 phosphoric acid.   Following the above treatment, the electrodes 
were rinsed with both water and ethanol. 

A discontinuous electroreduction procedure was used: first, CO2 
gas was bubbled into the catholyte for 1 h at a rate of 30 ml-min-1, 
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Figure 1.  Effect of potential on Faradaic efficiencies for the 
products by electrochemical reduction of CO2 at Cu electrode in 
ethanol at 273 K. CH4 ; double circle, H2 ; solid circle. 

Figure 2.  Effect of potential on Faradaic efficiencies for the 
products by electrochemical reduction of CO2 at Cu electrode in 
methanol at 273 K. CH4 ; double circle, C2H4 ; open triangle, 
CO ; open circle, HCOOH ; open square, H2 ; solid circle. 

then the CO2-saturated solution was reduced electrolytically at 
cathodic polarizations in the range from -2.0 to -5.5 V vs. Ag QRE.   
The electrolysis was performed at 273 K.   The catholyte was stirred 
magnetically.   The Faradaic efficiency of the main products was 
calculated assuming that a total of 50 coulombs of charge passed 
through the cell.   Gaseous products obtained during electroreduction 
were collected in a gas collector and were analyzed by GC.   Products 
soluble in the catholyte were analyzed by using HPLC and GC. 
 
Results and Discussion 

Hori et al. found that copper was an excellent electrode for the 
formation of hydrocarbons.8   Therefore, copper was used as a 
cathode in this study.   A suitable supporting salt was explored in 
order to compare the product distributions in the electrochemical 
reduction of CO2 on Cu in various organic solvents.   Since lithium 
perchlorate rapidly dissolved in all organic solvents tested, it was 
selected as the ionophore in the present work. 
 
Product Faradaic efficiency 

In the electrochemical reduction of CO2 at Cu electrode in 
dimethly sulfoxide, when the temperature decreased to 273 K, the 
current density at –3.0 V was very low.   Therefore, in order to obtain 
the current density enough to evaluate the product Faradaic efficiency,  
the electrolysis was performed at –5.0 V.   In the electrolysis, 
dimethly sulfoxide was  not stable and decomposed.   Because the 
current efficiency of this decomposition could not be negligible, the 
electrochemical reduction of CO2 on Cu electrode in dimethly 
sulfoxide at low temperature seems to be not an effective technology. 

In the CO2  electrochemical reduction on Cu in N,N-dimethyl 
formamide and propylene carbonate at low temperature, the current 
densities even at relatively negative potential were extremely low.   
Therefore, the CO2  electrochemical reduction method using N,N-
dimethyl formamide and propylene carbonate at 273 K appears to be 
able to apply the practical system. 

The results dealing with the effect of the potential on the current 
efficiencies for the products by electrochemical reduction of CO2 on 
Cu in LiClO4/ethanol at 273 K are illustrated in Figure 1.   Methane 
was detected as reduction product from CO2.   However, the 
formation efficiency was less than 2 %.   The current efficiency for 
hydrogen was approximately 100 %.   Hence, the applied energy was 
wasted on hydrogen evolution instead of being used for the reduction 
of CO2.   Although the electrochemical reduction of CO2 was studied 
at relatively positive potential, the current density was < 1 mA-cm-2 
and the product formation efficiency with low current density could 
not be evaluated in the view point of practical value.   The product 
distribution obtained in the electrochemical reduction of CO2 with 

copper electrode in acetonitrile was similar to those in ethanol.   In the 
acetonitrile-based electrolyte, the reduction product from CO2 was 
only methane and its Faradaic efficiency was < 2 %.   On the contrary, 
the Faradaic efficiency of hydrogen was very large (about 100%). 

Figure 2 shows the effect of potential on current efficiencies for 
the products by electrochemical reduction of CO2 with Cu electrode in 
methanol at 273 K.   The main products from CO2 were methane, 
ethylene, carbon monoxide, and formic acid.   The Faradaic efficiency 
for methane increased to 58 % with decreasing potential.   In contrast, 
hydrogen formation at 273 K decreased to 28 %.   A GC-MS study 
with deuterated methanol catholyte demonstrated that no reduction 
product was produced from methanol.5  When the electrolysis was 
conducted under nitrogen atmosphere, electrolysis yielded exclusively 
hydrogen.   Consequently, the targeted products were produced by 
the electrochemical reduction of CO2.    
 
Conclusions 

The electrochemical reduction of CO2 on copper electrode at 273 
K was investigated in various organic solvents containing dimethly 
sulfoxide, N,N-dimethyl formamide, propylene carbonate, acetonitrile, 
ethanol, and methanol.   Only in the methanol-based electrolyte, high 
formation efficiency of methane was observed at low temperature. 
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Introduction 

The membrane separation for removal of carbon dioxide from 
natural gas has advantages over the conventional separation methods 
because of low capital, high-energy efficiency and the environmental 
friends. Usually, the commercially available polymeric membranes 
have either high permeability or high selectivity, but not both1. 
However, facilitated transport membranes (including supported liquid 
membranes (SLMs), ion-exchange membranes and fixed carrier 
membranes) selectively permeate CO2 by means of the reversible 
reaction between CO2 and the carriers in the membranes, so that they 
possess high permeability as well as high selectivity. The fixed carrier 
membranes are generally favorable compared with SLMs and 
ion-exchange membranes for their superior durability. 

In recent years, the fixed carrier membranes, especially the CO2 
separation membranes with facilitated transport groups, amine moiety, 
have been investigated extensively2-4.  

We think it is more beneficial for the facilitated transport of CO2 
to introduce more kinds of carriers than one in a membrane. On the 
basis of this idea, we developed two kinds of membrane materials 
with second amine and carboxyl groups, the latter also acts as a 
carrier of CO2, by the hydrolysis of polylvinylpyrrolidone(PVP) and 
vinyl pyrrolidone-acrylamide copolymer respectively. Then, the fixed 
carrier composite membranes with the materials for CO2 separation 
were prepared. 
 
Experimental 
    Materials. The PVP was synthesized through radical 
polymerization in 20% N-vinyl pyrrolidone aqueous solution by 
using azobisisobutyronitrile(AIBN) (it was twice recrystallized from 
ethanol) as the initiator at 60 °C in the inert atmosphere of nitrogen 
gas5. The PVP was hydrolyzed in an alkali solution at boiling 
temperature (scheme 1). The resulting polymer was precipitated by 
using acetone, then the polymer was dissolved in water. This aqueous 
solution was purified with ion-exchange resin to remove 
low-molecular-weight impurities and the purified polymer solution 
was used for membrane-casting. 

The copolymer of N-Vinyl pyrrolidone and acrylamide(AAM) 
was prepared as the same method, but the reaction temperature is 
50°C. The hydrolysis and treatment are as above (scheme 2). 
    Analysis. The content of active carriers (second amine and 
carboxyl groups) was measured by titration. The molecular weight of 
resulting polymer was roughly obtained from the intrinsic viscosity.  

Membrane preparation and evaluation. The purified polymer 
solution was cast on a polysulfone(PS) support membrane by an 
applicator to form composite membrane. The gas permeation 
experiments were carried out by using a set of test cell. The effective 
area of the composite membrane used in the test cell is 19.26 cm2. 
Prior to contacting the membrane, both the feed and the sweep (H2) 
gases were passed through gas bubblers containing water. The outlet 
sweep gas composition was analyzed by a gas chromatography 
equipped with a thermal conductivity detector (HP4890, Porapak N). 
The fluxes of CO2 and CH4 were calculated from the sweep gas flow 
rate and its composition. The permeance is defined as the flux 
divided by the partial pressure difference between the upstream and 

downstream sides of the membrane, Ri=Ni /ΔPi, and the selectivity 
αwas defined as the ratio of the CO2 permeance to the CH4 
permeance. The downstream pressure in our apparatus is one 
atmosphere pressure. 
 
Results and Discussion 

Figures 1 and 2 show the effects of feed gas pressure on the 
performances of the membrane (membrane material was prepared by 
scheme 1). Both permeance of CO2 and selectivity of CO2/CH4 
decrease with the raising of feed pressure. This is the characteristic of 
the facilitated transport mechanism6. The facilitated transport 
mechanism with the carriers of second amine and carboxyl groups is 
as follow 6,7: 

RNH(CH2)3COO- + 2H2O + 2CO2  2HCO3
- + RNH2

+(CH2)3COOH 
 

( CH   CH2 ) n
NH
(CH2)3

COO-
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Figure 1. Effect of feed pressure on selectivity of CO2 over  
CH4 by using pure gases respectively. 
Membrane material: scheme 1.Testing temperature: 27°C.  
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Figure 2. Effect of feed pressure on permeance by using 
pure gases respectively.  
Membrane material: scheme 1.Testing temperature: 27°C.  
     
    CO2 is transformed into small and easy moving ion HCO3

-, 
therefore, the transport of CO2 is enhanced by the carriers. From the 
standpoint of the membrane structure, the high polarity in the 
membrane diminishes the solubility of non-polarity component (CH4), 
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this is helpful to increase the CO2 permeation and the selectivity of 
CO2 over CH4. Furthermore, the membrane is swollen by water and 
forms gel. So that the diffusion coefficient is enhanced due to the 
decrement of movement resistance. As a result, the membrane 
possesses high CO2 permeance and CO2/CH4 selectivity which are 
comparable with that of other fixed membranes in literatures3,4. 

Scheme 2 
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Permeation of CH4 is a simple solution-diffusion process. The 
permeance of CH4 decreases with increasing pressure, in accordance 
with the “dual-mode” sorption model of gas permeation through 
glassy polymers 8. 

The composite membrane performances were also investigated 
by using mixed gases (50/50 vol% CO2/CH4 mixture), as shown in 
Figure 3 and Figure 4. From the Figures, it can be seen that the 
selectivity of CO2 over CH4 and permeance of CO2 are not as good as 
in Figures 1 and 2. The reason may be the coupling effects between 
CO2 and CH4.  

Figure 5. Effect of feed pressure on selectivity by using mixed gas. 
Membrane material: scheme 2. NVP: AAM =70:30(mass). Testing 
temperature: 20°C. Feed gas: 50 vol% CO2+50 vol% CH4 
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Figure 3. Effect of feed pressure on selectivity by using mixed gas.  
Membrane material: scheme 1.Testing temperature: 27°C. 
Feed gas: 50 vol% CO2+50 vol% CH4. 

Figure 6. Effect of feed pressure on permeance by using mixed gas.  
Membrane material: scheme 2. NVP: AAM =70:30(mass). Testing 
temperature: 20°C. Feed gas: 50 vol% CO2+50 vol% CH4 
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Figure 1.  Adsorption and desorption isotherms of Z10-08.

Figure 2.  Competitive adsorption of CO , N , and O  on Z10-08 (15%2 2 2

CO ,  3%  O ,  82%  N ,  and saturated  with  water  vapor  at  25 (C,2 2 2

15 cc/min).
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Ranjani Siriwardane, Ming Shen, Edward Fisher, and James Poston

U.S. Department of Energy
National Energy Technology Laboratory
3610 Collins Ferry Road, P.O. Box 880

Morgantown, WV  26507-0880
(rsiriw@netl.doe.gov; 304-285-4513, Fax:  304-285-4403)

Introduction
Fossil fuels supply more than 98 percent of the world’s energy needs.

However, the combustion of fossil fuels is one of the major sources of the
greenhouse gas, CO .  It is necessary to develop technologies that will2

allow us to utilize the fossil fuels while reducing the emissions of green-
house gases.  Commercial CO  capture technology that exists today is very2

expensive and energy intensive.  Improved technologies for CO  capture2

are necessary to achieve low energy penalties.  Pressure swing adsorption
(PSA) is one of the potential techniques that could be applicable for
removal of CO  from high-pressure gas streams, such as those encountered2

in integrated gasification combined-cycle (IGCC) systems.

PSA processes  are based on preferential adsorption of the desired1-4

gas (e.g., CO ) on porous materials at a high pressure.  When the pressure2

is decreased, the gas is desorbed from the porous sorbent and the sorbent
can be reused for subsequent adsorption.  PSA technology has gained
interest due to low energy requirements and low capital investment costs.
Development of regenerable sorbents that have high selectivity for CO2

and high adsorption capacity for CO  is critical for the success of the PSA2

process.

The objective of this work is to understand the adsorption properties
of CO  on both synthetic and natural molecular sieves  that can be utilized2

5

in PSA processes.  In this work adsorption and desorption of CO  was2

studied on both synthetic and natural zeolites.  Volumetric adsorption and
desorption studies of CO , N , O , or H  with the sorbents were conducted2 2 2 2

at 25 (C up to a pressure of 300 psi (~2 x 10  Pa).  Competitive gas6

adsorption studies were also conducted with CO -containing gas mixtures2

in the presence of water vapor.

Experimental
Adsorption and desorption isotherms at 25 (C of pure CO , N , O ,2 2 2

and H  on molecular sieves Z10-08 and Z10-10 (proprietary zeolites from2

Sud Chemie) and three natural zeolites were measured up to an equilib-
rium pressure of about 300 psi (~2 x 10  Pa) utilizing a volumetric6

adsorption apparatus.  Approximately 10 ml of the sorbent materials were
placed in the sample chamber, which was evacuated to ~5 x 10  Torr-5

(~6.75 x 10  Pa).  The amount of CO  adsorbed was calculated utilizing-3
2

the pressure measurements before and after the exposure of the sample
chamber to CO .  Desorption studies were conducted by gradually2

decreasing the pressure from 300 psi after the adsorption cycle.  After each
cycle the sorbent was evacuated overnight.  Competitive gas adsorption
studies were conducted in a lab-scale, fixed-bed reactor at 14.7 psi
(~1.01 x 10  Pa) using a gas mixture with a composition of 15 percent5

CO , 82 percent N , 3 percent O  in the presence of water vapor at ambient2 2 2

temperature.  The samples were heated at 100 (C for 1 hour and cooled
down to ambient temperature before the introduction of the gas mixture.

Results and Discussion
Volumetric adsorption/desorption isotherms of  CO , N , O , and H2 2 2 2

on molecular sieve Z10-08 at 25 (C are shown in Figure 1.  The CO2

adsorption increased rapidly when the pressure was increased up to 50 psi
but the CO  adsorption after 50 psi appeared to be gradual.  At all2

pressures, adsorption isotherms of nitrogen were lower than those of CO ,2

and adsorption isotherms of hydrogen were significantly lower than those
of CO .  Preferential adsorption of CO  indicates that this material can be2 2

used for separation of CO  from some gas mixtures.  The adsorption and2

desorption isotherms were very similar indicating that the adsorption of
CO  on Z10-08 is reversible.  Thus, the adsorbed CO  can be recovered by2 2

lowering the pressure.

The results of the competitive gas adsorption studies conducted
utilizing a gas mixture of 15 percent CO , 82 percent N , 3 percent O , and2 2 2

water vapor on molecular sieve Z10-08 in the atmospheric micro reactor
are shown in Figure 2.  The gas mixture was introduced to 1 g of
molecular sieve at a flow rate of 15 cc/min and at 25 (C.  After the
introduction of the gas mixture to the molecular sieve Z10-08, the CO2

concentration decreased to almost zero until the breakthrough.  This
indicates that an excellent separation of CO  can be obtained from a gas 2
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Table 2.  Comparison of CO  Capture Capacities2

of Different Sorbents
mixture of N , O , H O, and CO  with molecular sieve Z10-08.  The total2 2 2 2

amount of CO  adsorbed at the breakthrough or saturation as calculated2

from the data was about 2.5-3 moles/kg of the sorbent.  This value is very
similar to the amount of CO  adsorbed at 1 atm from volumetric2

equilibrium adsorption studies, as shown in Figure 1.  This indicates that
the full capacity of the molecular sieve Z10-08 was utilized for CO2

adsorption during competitive gas adsorption from a CO , N , O , and2 2 2

water vapor mixture.  It is apparent that the water vapor does not affect the
adsorption of CO  on molecular sieve Z10-08.2

The results of both volumetric gas adsorption isotherm studies and
competitive gas adsorption studies in the micro reactor of molecular sieve
Z10-10 were very similar to that of Z10-08.  However, the CO  adsorption2

capacity at high pressure (2 x 10  Pa) of Z10-08 was better than that of6

Z10-10.

The properties of three natural zeolites are shown in Table 1.  The
gas adsorption isotherms on the three natural zeolites indicated that there
is preferential adsorption of CO  with all three zeolites.  The adsorption2

capacities of both synthetic and natural zeolites are shown in Table 2.  The
natural zeolite with the highest sodium content and the highest surface
area showed the highest CO  adsorption capacity at both low and high2

pressures.

Table 1.  Natural Zeolites

Natural Zeolite (2) Guerrin de Montgareuil, P.; Domine, D.  U.S. Patent 3,155,468,
Chemical Composition Average Pore Surface Area

(wt% Ratios) Diameter (A ) (m /g)0 2

Natural Herschelite- Sodium alumino silicate 1 4.3 520
Sodium Chabazite Na O/K O - 7.42 2

SiO /Al O  = 3.72 2 3

Clinoptilolite Sodium alumino silicate 2 4.3 40
Na O/K O - 1.12 2

SiO /Al O  = 6.32 2 3

Clinoptilolite Potassium calcium 4.3 40
sodium alumino silicate
Na O/K O - 0.32 2

SiO /Al O  = 5.12 2 3

CaO/K O = 12

Conclusions
All molecular sieves showed preferential adsorption of CO  over2

nitrogen, oxygen, and hydrogen at all pressures up to 250 psi.  The
molecular sieve Z10-08 showed better CO  uptake than the other zeolites.2

Water vapor and oxygen did not affect the adsorption of CO  on synthetic2

molecular sieves during competitive gas adsorption studies.
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Introduction 

Although the global warming problems may be one of the most 
crucial matters that will threat the future existence of human beings, 
the steps for solving are late. Main reason for the delay is said to lie in 
economical problems. For instance, if we recovered CO2 from a 
thermal electric power station and sequestrated it in an isolated place 
we would lose 40% of the total energy produced. Among many cost 
factors the separation cost accounts for main part. So far several 
methods, like the amine absorption method or the zeolite adsorption 
method, have been presented but in those methods we must use 
expensive chemicals.  

Recently the separation technology using hydrates is attracting 
many concerns, where necessary chemicals for separation are mere 
water which exists everywhere and is obtained effortlessly. So the 
hydrate separation technology has a potential as an alternative method 
since its cost could be low if an appropriate process was developed. In 
this paper the results of cost estimation is presented when applying the 
hydrate separation technology to the case of CO2 separation at the 
thermal electric power station. 

 
Separation mechanisms by hydrates 

The basic phenomenon that explains the reason why hydrates can 
separate the specified constituent from mixed gases is demonstrated in 
Figure 1. The constituent is separated as the solid solutions.  

 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 1.  The separation mechanism of the specified constituent from 
mixed gases by hydrates.  

 
If the mixed gases were compounded of the components that 

formed hydrates and the components that could not make hydrates, 
the former components would be captured in hydrates’ cages and the 
latter components should be left in the mixed gases. 

In addition intermolecular force between the gas molecule in the 
cage and water molecules that surrounding the gas molecule is 
different among gas components, so the specified constituent exists 
excessively in the hydrate phase. 

The mole fraction of each component in hydrate phase depends 
basically upon the fugacity of each component in the gas phase and 
the intermolecular potential between the gas molecule and water 
molecules when they take the hydrate structure. The flue gases from 
the thermal electric power station contained mainly CO2, N2, O2, and 
H2O. Although these components all can make hydrates, but the 

intermolecular potential is different each other, that enables us to 
separate CO2 from other components. The comparison of the 
intermolecular potential is indicated in Figure 2. The potential well 
depth of CO2 is deeper than that of other components and it means 
that CO2 makes hydrates in more moderate condition than others. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 2.  The intermolecular potentials of CO2, N2, and O2.  
 
Hydrate separation process 

A simple outline of the hydrates separation process is 
demonstrated in Figure 3.  Hydrates are generally formed in high 
pressure and low temperature conditions. At first the pressure of flue 
gases is increased up to 20 atm by the compressor. At the same time, 
the temperature rises up to almost 560°C owing to the work given. 
This extra heat is recovered at the heat exchanger and utilized to 
rotate turbine blades in the gas turbine. At the next stage, flue gases 
are cooled down to 4°C, and then conveyed to the hydrate formation 
chamber where flue gases make hydrates in contact with sprayed 
water. The formation heat of hydrates must be removed from the 
chamber. Then hydrates are carried to the separator and decomposed 
to water and gases again. The heat of decomposition is supplied from 
sea water.  
 

 
 
Figure 3.  The outline of hydrates separation process. 
 

Composition of flue gases.  Main constituents of flue gases are 
CO2, N2, O2, and water after eliminating NOX and SOX. The mole 
fraction of CO2 differs according to the type of the electric power 
station. In case of a coal fired power station the mole fraction of CO2 
is almost 0.15. While in a natural gas fired power station this figure is 
relatively low.  In this estimation the mole fraction of CO2 in flue 
gases is assumed to be 0.1. The composition of flue gases is 
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summarized in Table 1. The temperature of flue gases is set at 50  and 
pressure 1 atm. The flow rate of flue gases is guessed at 1 M Nm3/h. 
 

Table 1.  The Composition of Flue Gases 

 
 

Compression of flue gases.  The flue gases must be compressed 
to achieve the pressure sufficient to make hydrates. This pressure 
differs according to the temperature, the composition of flue gases, 
and whether hydrate promoters exist or not. In this estimation 
necessary pressure is assumed to be 20 atm.  

The temperature of flue gases increases with compression. For 
simplicity adiabatic compression is adopted. The temperature of flue 
gases alters from 50°C to 569 °C.  

The energy that needs to compress the flue gases can be 
calculated by the enthalpy difference after and before compression. 
Mole heat capacities of each component and the mean value of the 
flue gases are indicated in Table 2 and results of enthalpy calculation 
are summarized in Table 3. Necessary energy for the compression is 
681,637MJ/h.  
 
Table 2.  The Mole Heat Capacity of CO2, N2, O2, H2O, and Flue 

Gases 
 

 
 
 
 
 
 
 
 

 
Table 3.  The Enthalpy Change of Flue Gases at the Compressor 

 

 
Cooling of flue gases.  The high temperature of flue gases due 

to compression must be decreased to the sufficient low temperature to 
make hydrates. Flue gases are cooled by two steps.  

In the first stage the temperature is decreased to 40°C at the heat 
exchanger by utilizing the off gases (4°C, 20 atm) from the hydrate 
chamber. This recovered energy is utilized to rotate the gas turbine of 
the compressor. In the second stage the temperature of 40°C falls 
down to 4°C. Here brine is used as the coolant. The recovered energy 
at the heat exchanger is calculated as the difference of enthalpy of 
gases before cooling and after cooling. Necessary data for the 
enthalpy calculation and results are indicated in Table 4. The 
recovered energy is 575,000MJ/h. 

The removed energy at the condenser is also estimated as the 
enthalpy difference of flue gases. Data used in the calculation and 

results are shown in Table 5. In this process the heat of condensation 
of water must be also considered. The enthalpy change due to 
condensation is 134400MJ/h and that due to cooling is 43400MJ/h, so 
total enthalpy change at the condenser is 177800MJ/h. 
 

Table 4.  The Enthalpy Change of Flue Gases at the Heat 
Exchanger 

 
Table 5.  The Enthalpy Change of Flue Gases at the Condenser 

 
 

Formation of CO2 hydrates.  After compression and cooling, 
flue gases are transported to the hydrates formation chamber where 
flue gases contact with water and make hydrates. The mole fraction of 
CO2 in the hydrate phase is higher than that in flue gases. The 
recovery rate of CO2 is assumed to be 3844kmole/h. 

To continuously make hydrates the heat of formation must be 
removed from the hydrate chamber. For this purpose brine is utilized. 
If the heat of formation of hydrates is assumed to be 63kJ/mol, total 
heat that should be removed from the chamber is 242,200MJ/h. 

Dissociation of CO2 hydrates.  After CO2 is separated from flue 
gases as hydrates at the hydrate formation chamber, CO2 hydrates are 
transported to the separator, where CO2 hydrates are dissociated to 
water and gaseous CO2 again. It is also possible to send CO2 hydrates 
to the deep sea bottom without dissociation. The heat is 242,200MJ/h 
that needs to decompose hydrates. 
 
Cost estimation 

Results of the thermodynamic analysis of the process enable us to 
estimate capacities, sizes, abilities, and so on of necessary equipments 
like the compressor, the heat exchanger, the hydrate formation 
chamber, and so on. According to these specifications the cost of 
facilities can be decided. Also energy cost can be calculated. Final 
results of the cost estimation are summarized in Table 6. In this table 
the cost of the amine absorption method is also shown for comparison. 
It is concluded that the hydrates separation method has enough cost 
competitive position.  
 

Table 6.  Results of Cost Estimation 
 
 
 
 
 
 
 
 
 
 
 

Cp J/(K mol)
a 103b 106c

CO2(g) 0.10 26.748 42.258 -14.247

N2(g) 0.79 27.016 5.812 -0.289

O2(g) 0.04 25.594 13.251 -4.205

H2O(g) 0.07 30.204 9.933 1.117

Flue Gases 1.00 27.155 10.043 -1.743

Mole
Fraction

kmol/h Nm3/h t/h

CO2(g) 0.10 44.010 4,464 100,000 196
N2(g) 0.79 28.010 35,268 790,000 988

O2(g) 0.04 32.000 1,786 40,000 57

H2O(g) 0.07 18.020 3,125 70,000 56

Flue Gases 1.00 29.070 44,643 1,000,000 1298

Feed RateMole
Fraction

Molar
Weight

a 103b 106c
27.155 10.043 -1.743

T1  (K) T2  (K) a 7 b/2 7
2 c/3 7

3 q J/mol h)

323 842 14,094 1,353 -81 15,365

a 103b 106c
27.155 10.043 -1.743

T1  (K) T2  (K) a 7 b/2 7
2 c/3 7

3 q J/mol h)

842 313 -14,365 1,405 86 -12,874

a 103b 106c
27.155 10.043 -1.743

T1  (K) T2  (K) a 7 b/2 7
2 c/3 7

3 q J/mol h)

313 277 -978 7 0 -971

Hydrates Amine absorption

yen/kg-CO2 yen/kg-CO2

Depreciation cost 1.02 0.65

Repair & Supplies 0.27 0.17

Labor cost 0.09 0.09

Energy cost 4.18 5.03

Total cost 5.56 5.94
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Introduction 

 The combustion-based production of CO2 has led to a 
major international environmental challenge to deal with global 
climate warming produced by atmospheric CO2

1.  Global warming 
is projected to lead to disastrous consequences for most of the low-
lying areas of the world2. The 1997 Kyoto Treaty to curtail CO2 
emissions includes collection and storage of a significant fraction 
of the 24 billion tons of CO2 produced worldwide each year using 
depleted oil/gas reservoirs, deep saline aquifers, coal beds, and the 
deep ocean3. 

Sequestering CO2 is a rational solution to reducing 
emissions , but a potentially more rewarding route to CO2 reduction 
is to use chemical energy available from sunlight-driven 
semiconductors or from thermally promoted reduction with Fe(II) 
minerals to convert CO2 back to C1 products and fuel; in both 
cases, water serves as the hydrogen source. 
 
Photoreduction of CO2 

Reduction of CO2 to a variety of C1 products using ZnO 
and TiO2was reported in the early 1980s, but efficiencies generally 
were low (<5%)4. Reduction of CO2 is effected by a photo-
promoted electron with concomitant oxidation of water (Reactions 
[1] and [2]) by the valence band hole5. Generally, reduction 
efficiencies using bulk semiconductor particles are low. However, 
Q-ZnS nanoparticles in isopropyl alcohol, gave reduction 
efficiencies of over 20%6. 

CO2 + 2e- + 2H        

 HCO2H (conduct band)                  (1) 
 
 

2H2O                          4H+ + O2 + 2 e-  (hole)                                              
(2) 

 
Reduction of CO2 by several other materials, including 

GaP, WO3, CdS, LiNbO3, and several doped TiO2 semiconductors 
has also been reported7-12.  The band gap of TiO2 of ~3.7 eV means 
that onset of UV absorption is near 360 nm, thus excluding the 
major fraction of energetic solar photons. 

Hematite (Fe2O3) has a band gap of about 2.2 eV, thus 
extending the spectral range of sunlight that can be captured to 
about 550 nm13.  The oxidation/reduction potentials are sufficient 
for Reactions (1) and (2), but electron hole recombination is fast 
and the reported efficiency of hematite for oxidation of water is 
low14. Nanometer particle films of hematite gave improved 
efficiency15.  

Ohta and coworkers16 effected reduction of CO2 to 
formate by solar irradiation of rocks containing hematite. 
Reduction of CO2 using CaFe2O4 to methanol and formaldehyde is 
reported17. 

A variety of C1 and C2 products  form on reduction of 
CO2 depending on the semiconductor, wavelength, solvent polarity, 

and perhaps other factors4. In one case, the product changes from 
CO in water to formate in dichloromethane with isopropyl alcohol  
as the reducing agent. In propylene carbonate solvent, CO2 
reduction gave mostly methanol18. 
 
Thermal Reduction of CO2 

McCollom and coworkers19-20 found that reaction of 
dissolved CO2 with olivine in hydrothermal media, immediately 
gave formate at 300°C and 350 bar.  Some experiments were 
conducted with no headspace possibly inhibiting further reduction 
to alkanes, a thermodynamically favored process. 

When reduction was conducted with headspace, aqueous 
formate gave a broad array of Fischer-Tropsch-like products in the 
alkanes, alkenes, and oxygenated products, at 175°C. When 
headspace is available, further reduction of formate takes place in 
the gas phase through the molecular acid, probably on the reactor 
surfaces.  Although no elemental balances were provided in the 
report, it is likely that the conversions proceeded through a series of 
highly exoergic formic acid disproportionations, like that in 
Reaction (3) for the formation of alkanes: 

(3n+1)HCO2H                           (2n+1)CO2  +  CnH2n+2  +  2n H2O 

Summary 
 Photochemical semiconductor processes readily reduce 
CO2 to a broad range of C1 products.  However the intrinsic and 
solar efficiencies for the processes are low.  Improved quantum 
efficiencies can be achieved using quantum-sized particles, but at 
the expense of using less of the visible solar spectrum. Conversely, 
semiconductors with small bandgaps utilize more of the visible 
solar spectrum at the expense of quantum efficiency.   

Thermal reduction of CO2 with Fe(II) is 
thermodynamically favored for forming many kinds of organic 
compounds and occurs readily with olivine and other Fe(II) 
minerals  above 200° C to form higher alkanes and alkenes.  No 
added hydrogen is required. 
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Introduction 

The 2001 Third Annual Report of the Intergovernmental Panel 
on Climate Change projects that atmospheric carbon dioxide (CO2) 
can approach 1000 ppm in 2100.1  In addition it concludes that the 
observed warming over the last 50 years is likely to have been due to 
the increase in greenhouse gas concentrations, particularly the 30% 
rise in atmospheric CO2 caused by man.  Fossil fuel use will be 
limited by our ability to mitigate their environmental effects since 
they are abundant and cost effective.  Future concerns are 
underscored by the long lifetime of CO2 in the atmosphere, the 
accelerating rate of fossil-fuel consumption, and our non-linear 
climate system that can migrate to a different state in response 
radiative forcing on decadal time-scales.  Consequently technologies 
for reduction of the world’s CO2 emissions are being explored 
aggressively.  Current emphasis is on fixing CO2 at large sources 
such as centralized power plants by emission free conversion of fossil 
fuels to electricity and hydrogen.2  However, more than half of the 
total emissions is from the transportation sector and small distributed 
sources such as home heating and small industry.  Most solutions for 
dealing with these sources explicitly or implicitly imply a complete 
overhaul of the existing infrastructure.  To surmount this problem 
Los Alamos National Laboratory has conceived a novel concept of 
extracting CO2 directly from the atmosphere by engineering a 
chemical sink.3,4 

Direct CO2 extraction converts the dilute CO2 (370 ppm) in the 
atmosphere (from all sources) to a pure CO2 stream ideal for 
permanent sequestration.  For dealing with the world’s total fossil 
fuel related CO2 emission rate, extracting CO2 from the air involves 
processing of on the order of up to 1% of the earth’s atmosphere 
(containing ~750 Gt CO2) each year.  The fast time scales of 
atmospheric mixing make this approach feasible.  It is a massive 
undertaking with offsetting advantages: 

• Preserves our existing energy use and fuel distribution network 
that represents a huge investment, 

• Captures CO2 from a myriad of small, distributed, and mobile 
sources that otherwise are not accessible to sequestration, 

• Allows atmospheric CO2 levels to be restored to their pre-
industrial age value, 

• Provides free transport of CO2 to suitable sequestration sites by 
using the natural atmospheric circulation, and 

• Is relatively compact and therefore inexpensive approach when 
compared to renewable concepts. 

This method compensates for all CO2 sources, can be scaled to yield 
a net zero or negative emissions, and harnesses the atmosphere as a 
free CO2 transportation network.  

Our CO2 extraction from air concept is summarized here and 
developed it in more detail later.  By equating an amount of CO2 with 
the energy released in a combustion process, one can associate an 
energy density with CO2 in air.  By this measure, the energy 
associated with atmospheric CO2 is a factor of approximately 100 
times more concentrated than wind energy, which is harnessed 
routinely.  Building on this premise our concept harnesses 
atmospheric circulation to extract CO2 from air (where it is present at 
370 ppm) and binds it to an adsorbent.  The saturated absorbent is 
subsequently heated to release the bound CO2 thereby generating a 
pure CO2 stream for disposal and adsorbent ready for reuse.  Low 
cost chemical extraction reagents such as calcium hydroxide (a prime 
ingredient in mortar) readily extract CO2 and demonstrate the 
feasibility.  The reagents would be continuously recycled with the 
captured CO2 being recovered and sent to a permanent disposal 
process such as the mineral carbonation of serpentine deposits that 
permanently sequester the CO2 as solid, harmless, and inert mineral 
carbonates,5 or direct injection in underground reservoirs or in the 
deep ocean.  
 
Case for CO2 Extraction from Air 

Concept. To determine the viability of CO2 extraction from air 
we compare it to renewable energy options, examining the relative 
size and therefore likely cost and environmental impact.  We also 
examine the energy requirements of one specific approach to CO2 
capture, which although far from ideal demonstrates feasibility.  Our 
estimates are meant to establish orders of magnitude rather than 
precise values.  The yardstick we employ is the primary energy per 
unit area and unit time available.  We start by examining wind power, 
which is routinely harvested, albeit on a modest scale.  The power per 
unit area is given by 1/2 ρv3, where ρ is the density of air and v is its 
wind velocity.  At 10 m/s the wind power contained in the airflow is 
0.6 kW/m2.  The time averaged power flux from sunlight on the 
ground is less, amounting to 0.2 kW/m2 in the US.  The equivalent 
power collected by biomass represents no more than 0.003 kW/m2 of 
heat of combustion amounting to 50t of dry mass hectare-1 year-1. 

For the extraction of CO2 from the atmosphere, we consider the 
same airflow as for wind power.  The 10 m3 of air that flows through 
the 1 m2 aperture in one second contain 0.15 moles of CO2.  There is 
of course no energy in this CO2.  However, if we were to remove all 
CO2 from the 10 m3 of air, we would then be able to burn a certain 
amount of carbon based fuel without increasing the net CO2 content 
of the air.  For gasoline we would generate 100 kJ of heat energy per 
second, less for coal and more for natural gas.  Thus in the above 
example, a combined CO2 extraction unit/gasoline motor would be 
able to produce 100 kW/m2 of primary energy without any impact on 
the atmospheric level of CO2.  In contrast, a windmill of the same 
area would only draw on 0.6 kW/m2 of raw power, a factor of over 
100 less.  Comparison with other renewable resources is even more 
dramatic. 

Process Description. The low CO2 concentration in air limits 
the choice of collection methods.  Chemical or physical absorption 
from an essentially free flow atmospheric air stream appears to be the 
only viable option.  For absorption, the primary energy demand lies 
in absorbent recycling.  The free energy of mixing sets a lower bound 
on energy expenditure.  It is given by RT log(P/P0).  P0 is the ambient 
CO2 partial pressure, P the desired output pressure, R is the gas 
constant, and T, the absolute temperature.  Separating CO2 from air at 
ambient conditions and delivering the output at 1 bar requires 
20 kJ/mole.  This is only 3% of the energy released in the combustion 
of gasoline.  However, practical implementations will require more 
energy for rapid CO2 absorption and concentration. 
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As air moves over an absorber surface, CO2 is stripped out.  The 
rate of extraction depends on the efficiency of the absorber, but even 
the best absorber is limited by the transport of CO2 through air.  The 
molecular diffusion coefficient of CO2 in air at ambient temperature 
is D = 1.39 × 10−5 m2/s.  The mass flux to an absorbing surface is 
given by N = D grad ρ

CO2
,  ρ

CO2
 being the local density of CO2 in the 

air.  For a good absorber, the partial pressure of CO2 at the absorption 
surface nearly vanishes, and the mass flux, N0, to a boundary is given 
approximately by N0 = D ρ

CO2
/ L.  Here, L is the transport distance; 

i.e. the typical distance to the nearest surface or for an open system 
the thickness of a boundary layer.  As a specific example, consider air 
flowing at 10 m/s through a set of parallel tubes, 2.5 mm in diameter.  
Empirical formulae suggest an effective L = R/1.8, where R is the 
radius of the tube.  Comparing the CO2 flux to the wall with the CO2 
flux through the tubes suggests that most of the CO2 will be removed 
after ~ 30 cm.  The distance over which the CO2 is absorbed is 
proportional to the flow velocity.  With a typical velocity of 3 m/s the 
length of the tube is reduced to less than 10 cm. 

In passing over an absorber that removes a portion of the CO2 
from the air-stream, a similar fraction of the air’s momentum will be 
removed, as these two molecular diffusion processes operate 
similarly.  Thus, for a system designed to extract most of the CO2, the 
pressure drop is roughly the kinetic energy density in the gas or about 
0.06 kPa at 10 m/s.  Thus, maintaining the airflow requires an energy 
input of 0.06 kJ/m3, which is less than 1% of the energy released in 
producing that CO2.  Quite likely, a practical implementation would 
utilize natural convection or wind for this task. 

 CO2 Adsorption Collection.  Can CO2 be collected? The 
common reagent Ca(OH)2 provides a proof of principle.  An aqueous 
solution of Ca(OH)2 is very efficient in collecting CO2 from air.  
Simply bubbling air through a few centimeters of Ca(OH)2 solution 
removes the bulk of the CO2.  The overall resistance to mass transfer 
is not substantially larger than the transfer resistance in the gas phase.  
The high degree of extraction that is achieved with Ca(OH)2 is 
obtained at the price of a substantial binding energy.  The reaction 
can be summarized as follows: Ca(OH)2 + CO2 → CaCO3  + H2O + 
114 kJ of energy release.  The return calcination reaction CaCO3 → 
CaO + CO2 requires 179 kJ/mole, which is the energy penalty for 
recovering CO2.  While this is a non-negligible fraction of the energy 
from burning gasoline (~650 kJ/mole CO2), it is still a manageable 
amount. 

System Design. Based on these observations, an idealized 
process plant would have a number of units, presumably wind or 
convection driven, that form CaCO3 from an aqueous Ca(OH)2 
solution.  The CaCO3 precipitate is dried and calcined, which requires 
energy.  The energy for drying could be provided by the heat of 
hydration when CaO is transformed back into Ca(OH)2.  However, 
calcination would require additional energy, which can come from a 
number of sources.  To be specific, we assume that it is provided by 
the combustion of coal.  The amount of CO2 generated in the 
combustion is about 40% of what is stored on the sorbent.  Since the 
process operates on a large scale and is obviously located at a 
disposal site, the CO2 from the coal would be directly captured and 
disposed of. 

Cost and Economics. To estimate costs we assume that the cost 
per unit area of airflow is the same for a windmill and a CO2 
absorption unit.  This assumption is justified, since lightweight 
structures covered with a film of calcium hydroxide solution would 
be sufficient.  Windmills cost about $700/m2 of swept area.  A CO2 
collection unit of 1 m2 sweep area, with an extraction efficiency of 
50%, and seeing an average wind velocity of 3 m/s would collect 
3.6 kg of CO2 per hour.  Assuming a total annual cost for capital 

investment, operation, and maintenance of 30% of the cost of the 
machine, the collection cost is $6.70 per tonne of CO2.  At this point, 
the collected CO2 is in the form of CaCO3.  Freeing the CO2 again 
requires energy.  Without accounting for inefficiencies, one would 
need ~0.15 t coal/t of CO2.  At a price of $20/t, the cost of this coal 
would add $3.00 to the tonne of CO2.  A rough estimate of the annual 
cost of the calcination plant is determined by multiplying the fuel 
cost by a factor of four.  This is approximately the situation for a 
power plant.  With these assumptions, the calcination process would 
add $12/t of CO2 to the cost of the capture process.  This cost would 
be tolerable compared to the cost of today’s energy as well as 
compared to other sequestration efforts.  For example, the cost of 
pipelining CO2 a distance of 1,000 km has been estimated at ~$10/t 
of CO2.  For a coal-fired power plant at 33% conversion efficiency, 
$10/t of CO2 translates into a little less than 1¢/kWh of electricity.  
Based on the relative carbon contents of coal and gasoline, the 
calcination required to collect the CO2 from one liter of gasoline 
consumes about 0.7¢ worth of coal.  Using the calculations 
performed above, the price of the complete process should be less 
than 5¢ per liter of gasoline, well within the range of recent price 
changes. 

 Land Requirements.  Finally the size of the facilities to collect 
CO2 or the required land area is considered.  Imagine small collection 
units of some extent normal to the airflow, but of a height that is 
negligible on the horizontal scale of the system.  On the large scale, 
one may consider the surface of the horizontal area to be a good CO2 
absorber reducing the CO2 density from an ambient value of ρ

CO2
 to 

(1 - ε)ρ
CO2

, where ε is the CO2 removal efficiency.  CO2 is 
transported horizontally over the area by a wind velocity v, and it is 
transported vertically through eddy diffusion.  The collection units 
near the surface remove CO2 providing a gradient for vertical eddy 
diffusion transport.  The observed eddy diffusion coefficient of the 
lower atmosphere is 10 m2/s.  The vertical rate of mass transport is 
roughly ερ

CO2
 (Dev/L)1/2, where L is the dimension of the collection 

area in the wind direction.  Thus for an area of size L×W, the total 
rate of CO2 removal is given by ερ

CO2
W(DeLv)1/2.  Assuming that 

L=W, ε=0.5 and v=3 m/s, the land area required for collecting all 
CO2 from a residential vehicle fleet of a city of 2 million is about 
2.8 km on the side.  A square, 530 km on the side, is sufficient to 
collect the CO2 from all current anthropogenic sources.  Since the 
rate of collection is proportional to L1/2 rather than L, collection from 
several separate smaller areas would be more efficient than a single 
large area.  If combined into a single area, these units will interfere 
with each other, with downwind units extracting CO2 from already 
depleted air.  If one were to limit the size of a collection unit to a 
square of 100 m on the side, then the world output of CO2 would 
require 380,000 units, which is 1.4% of the area of a single collection 
system.  Each of the hectare units could consist of five vertical units, 
each 19 m tall by 19 m wide.  Intuitive estimates indicate that the 
individual collection areas need to be spread over a total area as 
calculated above.  Further spreading is not effective. 
 
Results and Discussion 

We are performing global and high resolution atmospheric 
modeling and laboratory uptake experiments to further examine, 
quantify and develop CO2 extraction from air as an advanced 
greenhouse gas separation and capture technology.   

Global Scale Modeling. We have conducted large scale global 
simulations and sensitivity studies at 4o x 5o latitude/longitude 
resolution where a single grid-point land-based flat CO2 sink is 
placed at various locations and with various deposition velocities (ν) 
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in the UC Irvine Chemical Transport Model (CTM).6  The CTM 
contains nine vertical layers centered at 975, 909, 800, 645, 478, 328, 
206, 112 and 40 mbar.  The vertical resolution of the bottom layer is 
of order 1 km.  This off-line code accepts wind fields from general 
circulation models and advects chemically interacting tracers and has 
been validated for many tropospheric applications.  It allows us to 
assess the efficacy of global scale CO2 extraction and identify 
locations that minimize impacts on downwind ecosystems that will 
experience reduced CO2 levels and enhanced alkaline aerosols.  

Figure-1 below shows the CTM’s sensitivity of the calculated 
amount of CO2 extracted from the entire atmosphere as a function of 
time for a range of deposition velocities (ν) at a single grid point 
surface sink centered in Nevada, USA.  Observed deposition 
velocities for gases that react rapidly at terrestrial surfaces like SO2 
and HNO3 are 1 and 4 cm/sec respectively.7  Our simulations indicate 
that extraction of the order of 10 Gtonnes-C/year is possible, even 
with a simple flat sink.  These simulations also reveal the magnitude 
and extent of CO2 depletion downwind of the sink that will be 
valuable to identify locations that minimize impact on terrestrial 
ecosystems.  Saturation effects at high deposition velocities are 
caused by inability of mixing to replenish the sink box with more 
CO2 from the rest of the atmosphere in this coarse CTM model. 

High Resolution Modeling. The coarse global scale CTM modeling 
results presented above provide a lower limit to the CO2 uptake flux 
per unit land area, as we illustrated earlier using scaling arguments in 
our land requirements section.  Clearly we can improve our collection 
efficiency per unit of active land area by orders of magnitude by 
using smaller units with optimal spacing and designing structures that 
enhance turbulent mixing.  We are using LANL’s high resolution and 
strong gradient (HIGRAD) code to quantitatively examine the 
detailed effects of mixing and turbulence on CO2 collection.8,9  The 
code operates on a grid-point, finite-difference, compressible, and 
non-hydrostatic platform in terrain following coordinates with 
adaptive mesh capabilities.  It uses a forward-in-time integration 
scheme that preserves local extremes and signs of transported 
properties.  The parallel architecture allows it to harness our high-
performance supercomputing platforms. 

We are performing high-resolution simulations of air extraction 
of CO2 using HIGRAD.  The 2-Dimensional computations presented 
here have a horizontal resolution of 200 m and 63 vertical boxes with 
vertical grid being stretched gradually from 23 m at the surface to 
~200 m at the top layer at 1.2 km.  The velocity was set to 4 m/sec, 
and temperature of 300 K in an atmosphere with neutral buoyancy.  
The simulation used a steady stream of air with 370 ppm of CO2 as 
its initial condition.  The CO2 concentrations were set to zero at the 
surface boundary to mimic an ideal flat sink that covers the entire 
horizontal domain.  A parametric relation between the aerodynamic 
roughness and the friction velocity over water and similarity theory 
were used to treat the sub-grid fluxes and the vertical logarithmic 
wind profile above the surface.10 

The results shown below in Figure 2, clearly reveal that CO2 
loss is observed hundreds of meters above the surface layer.  Vertical 
mixing by turbulence is an effective source for CO2 to the surface 
layer in a neutral atmosphere.  Because we start with a uniform 
velocity profile, the turbulent velocity takes some time to get 
established as evident below.  After this is achieved the real turbulent 
eddy structures become apparent for the conditions of our simulation.  

 
Laboratory Experiments.  We are performing controlled 
experiments of CO2 uptake by saturated Ca(OH)2 solutions in the 
laboratory.  Ambient air is bubbled through a saturated Ca(OH)2 
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Figure 1 Top panel: total atmospheric CO2 burden (Gton C) as a
function of time for 4o x 5o sink centered in Nevada box for various
deposition velocities.  Bottom panel: The amount of CO2 extracted
from air in a year as a function of deposition velocity. 
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Figure-2: Carbon dioxide concentration in ppm over a perfect
aqueous sink simulated using HIGRAD.  The distances are in meters
above the surface and horizontally about a center of the domain. 
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solution with excess solid in an impinger.  Care is taken to avoid 
evaporation by humidifying the input air stream.  A metering pump is 
used to maintain stable slow flow that generates individual bubbles of 
a few mm in size that rise and remain intact in the solution.  The 
amount of CaCO3 formed at the end of a run (ranging from 15 
minutes to 8 hours) is measured by titrating the mixture with acid and 
monitoring the pH.  The inflection points of the pH curve yield the 
hydroxide, carbonate and bicarbonate fractions.  The titration is done 
slowly and with rapid-stirring to ensure prompt dissolution of the fine 
Ca(OH)2 particles.  A LICOR CO2 sensor is also being used to 
provide a continuous measure of the CO2 extracted from the air by 
bubbling. 

The results from several CO2 uptake experiments are 
summarized in Figure 3.  There is close to a linear increase in CaCO3 
formed and CO2 uptake with the volume of air processed.  The 
contact time of the bubbles with the solution was varied by changing 
the height of the solution column.  From the slopes of the above 
CaCO3 formation data for 11 experiments we derive a the mean CO2 
collection efficiency of 53 ± 5% from air by a saturated Ca(OH)2 
solution.  The collection efficiency could be limited by kinetic factors 
such as CO2 diffusion in the bubble and local in-homogeneity in the 
Ca(OH)2 concentrations and pH of the solution in the vicinity of the 
bubble which will strongly influence the CO2 uptake.11  However, an 

efficiency of this size should be sufficient to effectively extract CO2 
from air. 

 
Conclusions and Directions 

Our economics and scaling arguments, atmospheric simulations, 
and laboratory experiments make a strong case to explore carbon-
dioxide extraction from air as an advanced CO2 capture and 
sequestration technology.  By all measures we applied, this process 
compares very favorably against renewable sources such as solar, 
wind, or biomass.  This scheme is attractive because; it allows CO2 
sequestration without a costly change in the existing infrastructure; it 
collects the CO2 from the transportation and other distributed power 
sources; it retains carbon-based energy, which continues to be highly 
cost-effective, and it has the potential of restoring atmospheric CO2 
to pre-industrial levels providing us insurance against any large and 
rapid climate change events in the future.  We are aggressively 

pursuing research on active and passive collection schemes, 
feasibility of CO2 adsorbents like zeolites, silicates, amines, and 
Mg(OH)2 with lower binding energy than CaCO3, and identify 
locations that maximize collection, facilitate disposal, and minimize 
environmental impact.  Our goal is to optimize the scale of the 
processes in order to design, construct, and develop a small prototype 
CO2 extraction plant for field studies. 
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Figure 3. Measurements of CaCO3 formed as a function of the 
volume of ambient air (~370 ppm CO2) bubbled through a saturated 
Ca(OH)2 solution under controlled laboratory conditions. 
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 Table 1.  Comparison of Efficiencies of Fuel Cells Using 
Synthetic or Refined Fuels Operating Temp. 750oC - 850oC  

Introduction _____________________________________________________ 
Hydrogen fuel cells have been under advanced development for 

a number of years and are now nearing commercial applications.  
Direct carbon fuel cells have, heretofore, not reached practical 
development because of difficulties in fuel and electrolyte 
configuration.  The carbon/air fuel cell has the advantage of near zero 
entropy change allowing 100% theoretical thermodynamic efficiency 
at temperatures to 1000oC.  The activities of the C fuel and CO2 
product are invariant allowing constant EMF and full utilization of 
fuel in a single pass mode of operation.  The hydrogen fuel cell has a 
theoretical thermodynamic efficiency of only 70% at 1000oC and the 
activity of the H2 fuel and H2O product limit utilization to 80% in a 
single pass (Table 1).  A direct carbon fuel cell is currently being 
developed which utilizes clean reactive carbon particulate in a 
molten carbonate salt slurry.  Concentrated CO2 is evolved at the 
anode and oxygen from air is utilized at the cathode (Fig. 1).(1,2)  At 
temperatures of 750oC to 850oC, a voltage efficiency of 80% has 
been achieved at a power density of 1Kw/sqM (Fig. 2).(1,2)  The clean 
carbon and hydrogen fuel is produced from (1) natural gas, by 
thermal decomposition (Fig. 3), (2) petroleum, by pyrolysis coking 
(Fig. 4), (3) coal, by sequential hydrogasification and thermal 
pyrolysis (Fig. 5), and (4) biomass, by sequential hydro- and thermal-
pyrolysis  (Fig. 6),  and  are  integrated  with  C and H2, fuel  

 
 Thermal Efficiency      Fuel 

  100%∆G/∆H Utilization      Voltage          Net 
Fuels            %      Factor      Efficiency   Efficiency 
_____________________________________________________ 
 
C         100.3       1.0       0.8 - 0.9      0.80 - 0.90 
 
H2          70.0 0.75 - 0.85         0.8           0.42 - 0.48 
 
CH4

*          89.0 0.75 - 0.85         0.8           0.53 - 0.60 
_____________________________________________________ 
 
*Assumes  efficient  internal  steam reforming reaction.  Direct  
  electrochemical reaction of  methane at a catalyst surface does 
  not occur at practical rates. 
 
 
 
 
 

 

cells for power cycle estimates.(3)  Thermal to electric efficiencies 
indicate 80% (HHV), 85% (LHV) for petroleum, 75.5% (HHV), 
83.4% (LHV) for natural gas and 68.3% (HHV), 70.8% (LHV) for 
lignite coal (Table 2).  The benefits of integrated combined carbon 
and hydrogen fuel cell power generation cycles include, (1) more 
than twice the efficiency of conventional fossil fuel steam plants, (2) 
reduced power generation cost, especially for increasing fossil fuel 
cost, (3) reduced CO2 emission by over a factor of 2 or more, and (4) 
capability for direct sequestration or utilization of the concentrated 
CO2 from the carbon fuel cell effluent. 
 
References 

References should use ACS style. References may be inserted 
and numbered manually, or automatically by using the 
endnote/footnote function of the word processor.  For manual 
insertion, format the references as follows: 

 
 (1) Cooper, J. F..; Cherepy, N.; Upadhye, R.; Pasternak, A.; and 

Steinberg, M.  Direct Carbon Conversion, Report No. UCRL ID 
141818.  Lawrence Livermore National Laboratory, Livermore, 
CA, 2000. 

 
 
 
Figure 1.  Direct Carbon Conversion (DCC):  electric power from 
electrochemical reaction of C and O2. 
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 Figure 2.  Carbon/air cells operate at sufficiently high power density 

for base-load power applications.  
 Figure 4.  Crude oil fired integrated combined fuel cell power cycle 

hi-efficiency.  
  
  
  
  
  
  
  
  
  
  
  

  
  
 Figure 3.  Natural gas combined fuel cell power cycle hi-efficiency. 
Figure 5.  Coal fueled reversible hydrocarb combined fuel cell 
power cycle. 
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Figure 6.  Biomass fueled carbon fuel cell power plant. 
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Fig.1 XRD of CaO calcined from CaCO3 at 1073K

for 1hr 
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Introduction   

Dimethyl carbonate (DMC) is a unique molecule having 
versatile chemical property and has been used mainly as 
methylating and methoxycarbonylating agent substituting for toxic 
phosgene, dimethyl sulfate, or methyl iodide [1-3]. It can be 
synthesized by transesterification method, in which CO2 reacts 
with propylene oxide to yield propylene carbonate (PC), which 
continually reacts with methanol (MeOH ) to yield DMC[4,5]. The 
reaction of PC with MeOH can be catalyzed by solid base with 
high conversion and selectivity [6]. On the basis of the discussion in 
the other paper submitted to this meeting, the effect of the amount 
of base site on catalytic behavior of CaO for synthesis of DMC 
from PC and MeOH was investigated in detail. 
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Experimental  
CaO was prepared from CaCO3 calcined at1073K or 1173K in 

N2 atmosphere. The reaction was carried out in a 250mL flask 
equipped with reflux condenser, water bath and magnetic stirring. 
Catalyst was added into the flask accompanied with violent 
magnetic stirring after the temperature reached to the expected one. 
Reaction product was analyzed by Gas Chromatograph after 
centrifugal separation of solid catalyst from liquid. 

 Fig. 2 CO2 TPD of CaO calcined from CaCO3 

 
Since this reaction usually catalyzed by strong base, the effective 

base site may be that with CO2 desorption temperature being 640K 
and 890K respectively. The effect of the amount of base site on 
DMC yield, DMC selectivity and reaction rate was shown in Fig. 
3-5. It can be seen that with the increase of the amount of base site, 
the time need to reach equilibrium was shortened while equilibrium 
DMC yield was unchanged , which means the increase of the 
amount of base site can result in the increase of reaction rate but 
not change the equilibrium. On the other hand, the DMC selectivity 
decreases gradually with the increase of the amount of base site. 
The base site can catalyze both the subject reaction and the 
polymerization of PC, therefore the increase of bas site will also 
promote the side reaction and consequently make the DMC 
selectivity decrease. Fig. 5 shows the effect of the amount of base 
site on the reaction rate, with the increase of the amount of base 
site, the maximum rate increase and the induction time was 
shortened. As side in the other paper, the induction time comes 
from the activation of MeOH, the increase of base site amount can 
not only promote the activation of MeOH, but also make the 
surface concentration of activated MeOH increase and 
consequently promote the surface reaction of PC with activated 
MeOH. 

Results and discussion 
   It was reported that CaO calcined from CaCO3 was super base. 
Thus in present paper, CaO was prepared from CaCO3 calcined at 
1073K and 1173K respectively. BET surface area of CaO was 
listed in Tab. 1; XRD and CO2TPD results of CaO were illustrated 
in Fig.1, 2.  It can be seen from Fig.1 that CaCO3 was totally 
dissociated when calcined at 1073K for 1hr and yields cubic CaO. 
Both the extendedness of calcinations time and the increase of 
temperature result in surface area increase as shown in Tab.1. From 
Fig.2 we can see that there is four kinds of base site with CO2 
desorption temperature being 430K, 470K, 640K and 890K 
respectively. With the extendedness of time and the increase of 
temperature, the amount of base site increases greatly with the 
sequence being 1173K/2hr> 1073K/2hr> 1073K/1hr. 
 

 Tab.1 BET Surface area of CaO obtained from CaCO3 

calcined under different condition(m2/g)  
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Fig. 3 Effect of basicity on DMC yield 

  
  

 

 

 

 

 

Calcinition 

temperature/K 

Calcinition time 

/hr 

BET Surface Area 

/m2. g-1 

1073 1 3.848 

1073 2 12.706 

1173 1 12.166 
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Fig. 5 Effect of basicity on reaction rate    

Conclusion 
1. CaCO3 calcined at 1073K and 1173K can yield cubic 

CaO, which shows excellent catalytic activity for 
synthesis of DMC from PC and MeOH. 

2. Both the surface area and the amount of base site of CaO 
increase with the increase of calcinatio temperature and 
the extendedness of calcination time for CaCO3.  

3. The increase of the amount of base site can promote both 
subject reaction and side reaction, therefore although the 
reaction rate increases, the DMC selectivity decreases 
with the increase of the amount of base site.  
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Introduction 

Methane dehydro-oligomerization and aromatization without 

adding oxygen over Mo/HZSM-5 catalyst have been widely 

studied.1-8 However, the existing problem in this route is the low 

yield of aromatics, due to the high stability of methane. Recently, 

introduction of second metal species has been believed to be a 

promising route to improve methane non-oxidative transformation 

on the Mo/HZSM-5 catalyst.9-13 Our previous work reported on the 

studies of the structures of Mo/HZSM-5 catalysts and the 

enhancing stability of Mo/HZSM-5 with incorporation of platinum 

in the process of dehydro-oligomerization of methane to benzene 

and ethylene.9, 14 In the meanwhile, we found that indium took 

great effect on the activation of methane in the reaction of selective 

catalytic reduction of NO by methane over In/HZSM-5.15,16 

Therefore, in this paper, indium was used to be expected to 

promote the catalytic performance of Mo/HZSM-5 for methane 

non-oxidative reaction. Indeed, it was found that Mo-In/HZSM-5 

exhibited much higher conversion of methane and production of 

benzene and naphthalene than Mo/HZSM-5. 

Experimental  

Catalysts preparation. Mo/HZSM-5, Mo-In/HZSM-5, 

In/Mo/HZSM-5 and Mo/In/HZSM-5 catalysts were prepared by 

impregnation, co-impregnation and successive impregnation 

methods, respectively. The component of catalysts were denoted 

by the weight ratio. 

 Catalytic tests. Methane conversion test was carried out in the 

fixed-bed continuous-flow micro-reactor system, with a 6.4mm i.d. 

quartz tubular reactor containing 0.2g catalyst (24-32 mesh). The 

catalysts were first heated to 973K under Ar stream (30ml/min) 

and held for 30 min. Then, the stream was switched to the feed gas 

mixture of 90% CH4 (99.999%) with 10% N2 as internal standard. 

The reaction was conducted at 973K under a total pressure of 1 atm. 

The hydrocarbon products were analyzed by on-line HP 6890 gas 

chromatograph.  

An internal standard analyzing method similar to that reported 

by Liu et al. was used to calculate CH4 conversion and selectivity 

toward hydrocarbon products according to mass balance for carbon. 

The selectivity of coke, including undetected heavy aromatics, 

would be obtained.11 

Results and discussion 

Table1 shows that the addition of 0.3-2% In to 6% Mo/HZSM-5 

catalyst induces a significant effect on the catalytic performance. It 

is clear to see that the selectivity of aromatics increase remarkably 

after the introduction of small amount of In to Mo/HZSM-5. When 

In content reaches 0.7% in Mo-In/HZSM-5, the catalyst exhibits 

the best catalytic activity, leading to an increase in methane 

conversion from 11.13 to 13.14% and yield of aromatics from 7.25 

to 9.42 as compared with Mo/HZSM-5. Meanwhile, it is observed 

that the selectivity of coke decreased considerably from 27.10 to 

21.98%. This indicates that the improvement of catalyst activity 

and selectivity by In additives to Mo/HZSM-5 most probably 

originates from the alleviation of coke deposition. It is interesting 

to note that catalytic behavior of Mo-In/HZSM-5 catalyst is 

sensitive to the additive amount of In. Further increase in In 

content up to 2% causes methane conversion to slightly decrease, 

however, the yield of aromatics is higher and the selectivity of 

coke is less than Mo/HZSM-5. These results show that a proper 

amount of In introduced into Mo/HZSM-5 can evidently improve 

its catalytic activity for methane dehydro-oligomerization. 

Fig.1 shows a comparison of the catalytic performances of both 

Mo/HZSM-5 and In-promoted Mo/HZSM-5 on time on stream. It 

can be seen that the methane conversion and the yield of aromatics 

on Mo-0.7In/HZSM-5 are always significantly higher than those on 

Mo/HZSM-5 in the range of time on stream. It is demonstrated that 

the addition of In is favorable for the dehydrogenation of methane 

Table 1 Catalytic performances of Mo-In/HZSM-5 catalysts. 
Selectivity (%) 

Catalysts 

CH4 

Conv. 

(%) 
C2 Benz. C7-C8 Nap. Coke 

Yield of 

aromatics 

(%) 

6Mo/HZ 11.13 3.71 50.66 2.92 11.54 27.10 7.25 

6Mo-0.3In/HZ 11.60 3.24 54.15 3.03 12.62 23.55 8.10 

6Mo-0.7In/HZ 13.14 3.64 54.32 2.73 14.66 21.98 9.42 

6Mo-1.0In/HZ 12.14 3.45 56.05 3.04 13.08 20.73 8.76 

6Mo-1.5In/HZ 11.45 3.64 53.18 3.12 12.28 24.05 7.85 

6Mo-2.0In/HZ 11.00 2.89 52.89 3.03 14.36 23.15 7.73 

T=973K, P=1atm, t=60min, space velocity=1500mlg-1h-1,HZSM-5=HZ.  
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and the formation of aromatic hydrocarbons. 

 The impregnation sequence of Mo and In species during the 

catalyst preparation is also important for good catalytic 

performance. The result is summarized in Table 2. It is easy to find 

that the Mo-In/HZSM-5 catalyst prepared by co-impregnation 

method exhibits the best catalytic activity among the three different 

catalysts. The possible reason is that the catalyst prepared by 

co-impregnation method allows the two metal components to 

interact with the zeolite support simultaneously and evenly, thus 

inhibiting the formation of coke and resulting in higher activity and 

selectivity. However, for the successive impregnating method, the 

interaction between one metal and zeolite can be weakened when 

another metal component has united with HZSM-5 firmly. 

 

4. Conclusions  

Introduction of a proper amount of In into Mo/HZSM-5 greatly 

enhances the catalyst activity and the selectivity of aromatics in 

methane non-oxidative reaction. In addition, the improvement of In 

over Mo/HZSM-5 is also due to the catalyst preparation method. 
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Introduction 

Methane decomposition is important in a number of reactions 
that aim to convert natural gas to more valuable products using 
supported metal catalysts.   These include methane steam reforming 
for synthesis gas production and methane decomposition for 
hydrogen production1-4. Also, initial CH4 decomposition kinetics on 
Co catalysts have been reported at relatively mild conditions (450°C 
and 101kPa) relevant to CH4 homologation: a two-step process in 
which CH4 decomposition (CH4→CHx�S+H�S) at 350-450°C is 
followed by lower temperature hydrogenation (CHx�S+H2→S+C2H6, 
C3H8). At these conditions3, the initial high rate of CH4 
decomposition decreases rapidly but continues despite the nominal 
coverage of surface Co being greater than 1. A semi-empirical model 
that was developed to describe this observation assumed 
decomposition of CH4 on a Co site with migration of the resulting 
CH3 surface species from the metal to the support, thereby 
regenerating the metal site. This migration step was considered 
essential to explain the observed kinetics3. However, despite the low 
temperature, it is possible that filamentous carbon is formed during 
the reaction, in which case active metal sites would be regenerated as 
surface carbon is absorbed by the metal before diffusing through the 
metal particle. 

The mechanism of catalyst deactivation during CH4 
decomposition is complex4.  The deactivation rate depends on the 
rate of carbon build up on the surface of the catalyst, which in turn is 
a consequence of a number of interacting effects, including the effect 
of metal particle size on carbon diffusion rate, carbon gasification 
rate due to the presence of   H2 (whose evolution parallels CH4 
decomposition on the metal catalyst), and carbon morphology.  The 
present work is aimed at clarifying some aspects of the deactivation 
during the decomposition of methane at moderate temperatures on 
low loaded Co/SiO2 catalysts.  
 
Experimental 

Catalyst Preparation. Co catalysts were prepared by incipient 
wetness impregnation of the support using an aqueous solution of 
Co(NO3)2�6H2O (+98% Aldrich) 3. The catalysts were dried, calcined 
and reduced by temperature-programmed reduction (TPR) in a 
100ml/min flow of 40% H2/60%Ar to the reduction temperature.  Co 
content was varied from 5-12wt%, and the degree of reduction of 
these catalysts was >83% in all cases, the reduction degree increasing 
to 96% for the 10 and 12wt%Co/SiO2 catalysts. 

Catalyst Characterization. The Co dispersion was determined 
by CO chemisorption using a thermogravimetric analyzer (Shimadzu 
TGA-50). The metal dispersion was calculated from the CO uptake 
and reported as a percent of reduced Co. The Co particle size was 
estimated from the equation d (nm)=0.962/Φ, where Φ is the percent 
metal dispersion. Carbon filament formation was confirmed by TEM 
using a Hitachi H-800 electron microscope, operated at 100-150 kV. 

Methane Decomposition. Kinetic experiments were performed 
in a fixed-bed reactor system, details of which have been given 
elsewhere.3  The reactor was operated in a differential mode (<10% 
CH4 conversion), free of external and internal diffusional effects as 
confirmed by the methods of Froment and Bischoff 5.  

 
 

 
Results and Discussion 

The rate of methane decomposition over the 12% Co/SiO2 
catalyst at 500°C and 101 kPa shows a steady decrease in the period 
0-60 minutes time-on-stream, as shown in Figure 1.  The deactivation 
profile can be described by a 1st-order deactivation rate equation.  
Two parameters, the initial rate of reaction r0 and the rate of the 
decay kd, describe the deactivation rate according to the equations: 
dr/dt = -kdr, such that r = -kdr0exp(-kdt). The solid line of Figure 1 
shows the fit of this empirical equation to the measured data.  Note 
that the equation does not include the migration of carbon from the 
catalyst surface as proposed previously3, since here the deactivation 
is being considered over a longer time period.  The migration step is 
relevant only at the initial stage of reaction3 as evidenced by the data 
of Figure 2.  CO is produced by reaction between CHx (that has 
migrated from the metal to the support) and oxygen of the support.  
Within about 3 minutes of the start of the reaction, the CO has 
declined to a minimal amount, suggesting that the rate of CHx 
migration has also decreased  significantly.  
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Figure 1. CH4 TOF as a function of time at 500°C on 12wt% 
Co/SiO2 with 5.16%CH4 in Ar 
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Figure 2.  CO production during CH4 decomposition at 450°C on 
12%Co/SiO2 catalyst (Feed 5.16% CH4 in Ar).  
 

Metal particle size effects. The influence of metal particle size 
on the CH4 decomposition rate at 450ºC over Co/SiO2 catalysts was 
investigated using catalysts with nominal metal loading of 5-12wt%. 
The Co particle size increased with metal loading in the range d = 5.8 
� 11.4 nm.  The dependency of initial TOF (ro) and decay rate (kd) on 
metal particle size were obtained by curve fitting the CH4 
decomposition rate versus time data to the empirical deactivation 
equation presented above. Data in Fig. 3 show that Co/SiO2 catalyst 
exhibited structure sensitivity, where the initial TOF increased with 
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increasing Co particle size. Data in Fig. 4 show that an increase in Co 
particle size resulted in a minor decrease in deactivation rate. 

Filamentous carbon formation on the 12wt% Co/SiO2 (d=11.4 
nm) catalyst, exposed to 5.16%CH4/Ar for a reaction time of 120 
minutes was confirmed by TEM of the used catalyst.  Filament 
formation corresponds to a low value of kd as reported in Fig. 4. The 
TEM micrograph showed that the filamentous carbon diameter was 
approximately 10 nm, in agreement with the particle size of 11.4 nm 
measured by CO chemisorption on the fresh catalyst. 

Hence, both migration of carbon species and filamentous carbon 
formation occurred during CH4 decomposition on 12wt%Co/SiO2 
catalyst. Fig 2 showed that the migration rate decreased to a very low 
level within a few minutes of the start of the reaction.  Over longer 
reaction times (>10min) the absorption and diffusion of surface 
carbon into the metal particle must therefore be the main mechanism 
for sustained catalyst activity (and hence kd → 0). 
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Figure 3. Effect of metal particle size on initial decomposition 
activity (TOF). (Feed gas 5.16 %CH4/Ar at 450ºC.) 
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Figure 4. Effect of metal particle size on decay constant (kd). (Feed 
gas 5.16 %CH4/Ar at 450ºC.) 
 

The above data can be interpreted using a simplified model for 
catalyst deactivation.  Accordingly, the deactivation rate (rd=dr/dt) for 
CH4 decomposition is assumed dependent on the difference in the net 
rate of carbon formation (rf,n, the rate of carbon formation minus the 
rate of gasification of carbon/coke precursor) and the net rate of 
carbon removal (rr,n, mainly due to filamentous carbon formation) i.e. 
rd=rf,n-rr,n. The rate of catalyst deactivation will depend on the 
difference between rf,n and rr,n. From Fig. 3 we can conclude that rf,n 
must increase with metal particle size, and since kd decreases 
marginally with particle size, we can also conclude that the net rate of 
carbon removal rr,n must increase with particle size.  Considering size 
effects on the carbon diffusion mechanism, a similar conclusion can 
be reached. 

Gas composition effects.  The composition of the gas phase 
also affects the rate of catalyst deactivation and the formation of 
filamentous carbon. The presence of H2 (1.2%) in the feed gas 

(5.16%CH4/Ar) reduced the initial TOF and the deactivation rate of 
the catalyst (Fig.5). The difference between rf,n and rr,n (i.e. the 
deactivation rate) decreases because H2 increases the hydrogenation 
of surface carbon and therefore, rf,n decreases.  In the case of CO 
(0.36% in 5.16%CH4/Ar), however, the initial TOF is not reduced 
significantly, whereas the deactivation rate remains low (Fig. 5).  CO 
adsorption must therefore increase rr,n, either by enhanced carbon 
diffusion due to CO surface modification6, or displacement of surface 
H from the catalyst surface.   
Conclusions 

CH4 decomposition kinetics on supported Co catalysts are 
strongly influenced by the metal particle size and gas phase 
composition.   These effects have been explained in terms of the 
relative magnitudes of the net rate of carbon formation and the net 
rate of carbon removal from the catalyst surface.  Filamentous carbon 
formation occurs when both rates are approximately equal, resulting 
in a low apparent deactivation rate. 
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Figure 5. Effect of H2 and CO on the initial activity and deactivation 
rate. (12wt% Co/SiO2 catalysts with Co particle size 9.5 nm, exposed 
to 5.16%CH4/Ar at temperature indicated). 
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Introduction  

Increasing concern about world dependence on petroleum oil has 
generated interest in the use of natural gas. However, the majority of 
these reserves are unmarketable since they are located in remote 
regions. The conversion of natural gas into transportation fuels such 
as gasoline and diesel is an alternative to the prohibitive transportation 
costs. The so-called gas-to-liquids technology (GTL) is based on the 
conversion of natural gas to a synthesis gas prior to the liquid 
production through the Fischer-Tropsch Synthesis (1). 

Today, autothermal reforming (ATR) and catalytic partial 
oxidation (CPO) represent the technologies that fulfill the 
requirements to a gas with H2/CO = 2, the ratio necessary to GTL 
plant. The ATR technology requires the addition of CO2 or CO2-rich 
gas in order to adjust the syngas composition to the desired H2/CO 
ratio of the FT- synthesis (2). 

The major obstacle associated with the CO2 reforming reaction is 
the deactivation of the catalysts due to carbon deposition. Several 
studies have shown that Pt/ZrO2 catalysts are very stable for the CO2 
reforming of methane (3,4). A mechanism involving two independent 
paths has been proposed to explain the CO2 reforming of methane on 
Pt/ZrO2 catalysts. In this mechanism, the support participates in the 
dissociative adsorption of CO2 near the metal particles, transfering 
oxygen to the metal surface and accelerating the removal of carbon 
from the metal. More recently, we have reported that the use of 
promoters such as cerium oxide improves the activity and stability of 
Pt/ZrO2 catalysts under severely deactivating reaction conditions 
(5,6). These results were attributed to the increase of the reducibility 
and oxygen transfer ability of the support by the addition of cerium 
oxide. 

The aim of this work is to compare the performance of the Pt/Ce-
ZrO2 catalyst on the CO2 reforming of methane and the partial 
oxidation of methane. The effect of the support reducibility on the 
catalytic activity of both reactions is evaluated. 
 

Experimental 
The ZrO2 support was prepared by calcination of zirconium 

hydroxide (MEL) at 1073 K for 1h in flowing air. The alumina 
(Engelhard) was calcined at 1073K. The Ce0.75Zr0.25O2 supports was 
synthesized following the method published by Hori et al. (7). The 
catalysts were prepared by incipient wetness impregnation of the 
supports with an aqueous solution of H2PtCl6.6H2O (Aldrich). 
Pt/ZrO2 and Pt/Ce0.75Zr0.25O2 samples were dried at 393K and 
calcined at 673K for 2h. Pt/Al2O3 sample was dried at 393K and 
calcined at 973K for 2h. The samples contained 1.5 wt.% of Pt. 

Oxygen storage capacity (OSC) measurements were carried out in 
a micro-reactor coupled to a quadrupole mass spectrometer (Balzers, 
Omnistar). The samples were reduced under H2 at 773K for 1h and 
then heated to 1073K in flowing He. Then, the samples were cooled 
to 723K and a 5%O2/He mixture was passed through the catalyst until 

the oxygen uptake was finished. Then, the reactor was purged with 
He and the dead volume was obtained by switching the gas to the 
5%O2/He mixture. Finally, N2 pulses were injected in order to 
calculate the amount of oxygen consumed on the catalysts taking into 
account a previous calibration of the mass spectrometer. 

The dispersion was calculated from CO chemisorption by using 
pulses of a mixture containing 10%CO / He at room temperature. This 
experiment was performed on the same apparatus described to the 
OSC measurements and the same pretreatment was used. 

Reactions were performed in a quartz reactor at atmospheric 
pressure. Prior to reaction, the sample was reduced under H2 at 773K 
for 1h and then heated to 1073K in He. CO2 reforming of methane 
was performed at 1073K with a CH4:CO2 ratio of 2:1 and a flow rate 
of 150 cm3/min. The partial oxidation of methane was carried out at 
1073K and a reactant mixture containing CH4:O2 ratio of 2:1 at a flow 
rate of 100 cm3/min. 
 
Results and Discussion 

Table 1 presents the oxygen uptakes measured for the catalysts. 
The oxygen storage capacity of the Pt/Ce0.75Zr0.25O2 catalyst is much 
higher than the one of the Pt/Al2O3 and Pt/ZrO2 catalysts. The 
incorporation of ZrO2 into CeO2 lattice strongly increase the oxygen 
vacancies of the support due to the high oxygen mobility (8). The 
dispersion of the catalysts is also listed in Table 1. Pt/Al2O3 and 
Pt/Ce0.75Zr0.25O2 catalysts exhibit approximately the same dispersion 
whereas the Pt/ZrO2 catalysts had a higher dispersion. 
 
Table 1. O2 uptakes measured at 723K and dispersion calculated 

from the CO chemisorption at 298K. 
Catalyst O2 uptake (µmol/gcatal) Dispersion (%) 
Pt/Al2O3 0.0 10 
Pt/ZrO2 8.5 24 

Pt/Ce0.75Zr0.25O2 625.6 8 
 

The conversions of methane on the CO2-reforming reaction at 
1073K are shown in Figure 1. The Pt/Al2O3 catalyst had a low initial 
activity and rapidly deactivated due to coke deposition. The Pt 
catalysts supported on unpromoted zirconia and ceria-doped zirconia 
exhibited much higher activity and stability than the Pt/Al2O3 
catalysts. The enhancement of the activity and the stability on the 
CO2-reforming reaction could be assigned to the higher amount of 
oxygen vacancies in the proximity of metal particles as revealed by the 
OSC measurements (Table 1). According to the two-path mechanism 
proposed for the CO2 reforming of methane (6), the addition of ceria 
to zirconia support greatly increases the rate of oxygen transfer and 
consequently the carbon removal. 

Figure 1 shows the methane conversion on the partial oxidation 
of methane at 1073K. A strong deactivation is observed on the 
Pt/Al2O3 catalyst and less pronounced on the Pt/ZrO2 catalyst. The 
Pt/Ce0.75Zr0.25O2 catalyst practically did not loose their activity after 
24 h time on stream (TOS).  

Furthermore, a significant change in the selectivity towards CO 
and CO2 was observed on the Pt/Al2O3 and Pt/ZrO2 catalyst during 
the reaction (Figure 2). The production of CO2 increased and the 
selectivity to CO decreased as the CH4 conversion decreased. This 
effect is much less significant on the Pt/Ce0.75Zr0.25O2 catalyst. 

These results could be explained through the two step 
mechanism proposed for the partial oxidation of methane. According 
to this mechanism, in the first stage, combustion of methane occurs 
producing CO2 and H2. In the second one, synthesis gas is produced 
via carbon dioxide and steam-reforming reaction of the unreacted 
methane (9). Since the production of carbon and CO2 increased on the 
Pt/Al2O3 and Pt/ZrO2 catalyst during the reaction (Figure 2), the  
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Figure 1.  Catalytic activity on both CO2-reforming of methane (open 
symbols) and partial oxidation of methane (solid symbols) versus time 
on stream for Pt/Al2O3, Pt/ZrO2 and Pt/Ce0.75Zr0.25O2 catalyst. 
Reaction conditions: T= 1073K; CH4:CO2 ratio = 2:1; CH4:O2 ratio = 
2:1. 
 
 
second step of the mechanism should be inhibited. From Figure 1, it is 
clear that the increase of carbon deposits around or near the particle 
metal affects the CO2 dissociation and inhibits the CO2 reforming of 
methane mainly on the Pt/Al2O3 catalyst and on less extent on the 
Pt/ZrO2 catalyst. On the Pt/Ce0.75Zr0.25O2 catalyst, the selectivity 
towards CO practically did not change during reaction due to the 
redox mechanism of carbon removal promoted by the support. 
 
 
 
Conclusions 

The results of catalytic activity on both the CO2 reforming and 
the partial oxidation of methane revealed the important role of the 
support on the mechanism of these reactions. A strong deactivation 
was observed on the Pt/Al2O3 catalyst on both reactions. The addition 
of ceria to zirconia greatly promoted the stability of the catalyst due to 
higher oxygen exchange capacity of the support. The higher rate of 
oxygen transfer keep the metal surface free of carbon. This 
promotional effect on the CO2 reforming of methane affects the partial 
oxidation of methane, which comprehends two steps: combustion of 
methane and CO2 and steam reforming of unreacted methane. 
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Figure 2. CO and CO2 selectivity on partial oxidation of methane 
versus time on stream for: Pt/Al2O3, Pt/ZrO2 and Pt/Ce0.75Zr0.25O2 
catalyst. Reaction conditions: T= 1073K; CH4:O2 ratio = 2:1. 
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Introduction  

Processes for conversion of natural gas into liquid fuels (“Gas-
to-Liquids” or GTL) such as gasoline or diesel produced by Fischer-
Tropsch (FT) synthesis are attracting increased attention. A GTL-
plant for production of FT-products can be divided into three 
sections. In the first section, the natural gas is converted into 
synthesis gas – a mixture of hydrogen and carbon oxides. In the 
second part, the actual FT synthesis takes place and in the final 
section, product upgrading and separation occurs. 

The most capital-intensive part of the GTL-plant is the 
preparation of synthesis gas, which may account for 50-75% of the 
capital cost [1]. Hence, there is a considerable incentive to optimise 
technologies for reducing the cost. Autothermal Reforming (ATR) 
has been identified as the preferred option for large-scale safe and 
economic synthesis gas production. This paper will focus on recent 
developments in the prereforming and ATR technology for synthesis 
gas production.  

 
Process Concepts and Synthesis Gas Composition  

A typical process concept for production of synthesis gas based 
on ATR is shown in Figure 1. The key steps in the process scheme 
are desulphurisation, adiabatic prereforming, autothermal reforming, 
and heat recovery. 

 
Figure 1. Process Concept for Synthesis Gas Production by 
Adiabatic Prereforming and Autothermal Reforming 

 
The desired exit gas composition for most FT-applications is an 

H2/CO-ratio of about 2. This ratio is achieved by recirculating CO2. 
Reducing the amount of steam added to the hydrocarbon feedstock 
decreases the H2/CO-ratio and the required recirculation of carbon 
dioxide. Operation at low steam-to-carbon (H2O/C) ratio improves 
process economics, as illustrated in Table 1 [1]. Operation at H2O/C-
ratios of 0.6 has been proven industrially [3] and large-scale GTL 
projects for production of FT-fuels based on ATR have been 
publicized [4]. 

 

Table 1. Process Economics with Various H2O/C-Ratios [1] 
 

H2O/C 0.2 0.6 1.0 

Relative Energy Consumption 0.97 1.00 1.03 

Relative Investment 0.9 1.0 1.1 

 
The Air Separation Unit (ASU) for production of pure oxygen 

accounts for a large part of the investment of the production of 
synthesis gas. The use of a prereformer in the process scheme in 
Figure 1 upstream the ATR reactor reduces the oxygen consumption 
per unit of product produced. 
 
Prereforming and ATR at Low H2O/C-ratios 

In the prereformer, all higher hydrocarbons (C2+) are converted 
into a mixture of methane, hydrogen, and carbon oxides according to 
the following reactions: 

 
CnHm + nH2O ⇒ nCO + (n + m/2)H2  (1) 
3 H2 + CO ⇔ CH4 + H2O   (2) 
CO + H2O ⇔ H2 + CO2    (3) 
 
The prereformer is an adiabatic fixed-bed reactor with highly 

active nickel catalysts. 
The ATR reactor consists of a burner, a combustion chamber, 

and a fixed bed catalyst section contained in a refractory lined 
pressure shell [2]. The key elements in the ATR reactor is the burner 
and the catalyst bed [2]. The burner provides mixing of the feed 
streams and the natural gas is converted in a turbulent diffusion flame 
often simplified by the following reaction: 

 
CH4 + 3/2 O2 ⇒ CO + 2H2O   (4) 
 
The catalyst bed equilibrates the methane steam reforming 

(reverse of (2)) and the shift (3) reactions.  
As shown in Table 1, there is a considerable economic incentive 

to reduce the H2O/C-ratio in a GTL plant. However, operation with 
low H2O/C-ratios involves the risk of soot formation in the ATR 
reactor and whisker carbon formation in the prereformer. In order to 
overcome this challenge, both fundamental studies and extensive 
pilot plant operation have been carried out to understand and push the 
limits towards lower H2O/C-ratios. 

In a prereformer, whisker carbon can be formed either from 
methane or higher hydrocarbons. The lower limit of the H2O/C-ratio 
depends on a number of factors including the feed gas composition, 
the operating temperature and the choice of catalyst. In a prereformer 
operating at low H2O/C-ratio, the risk of carbon formation [5] from 
methane is most pronounced in the reaction zone where the 
temperature is highest. Carbon formation from higher hydrocarbons 
can only take place in the first part of the reactor with the highest 
concentrations of C2+ compounds. In Figure 2, a measured 
temperature profile from a prereformer pilot plant run operating at an 
H2O/C-ratio of 0.4 is presented. Post-test analysis of the catalyst 
showed that no carbon formation had occurred. 
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Figure 2. Temperature profile in Adiabatic Prereformer during pilot 
plant operation. H2O/C = 0.4. 

 
The risk of soot formation in an ATR reactor depends on a 

number of parameters including feed gas composition, temperature, 
pressure, and especially burner design. Soot precursors may be 
formed in the combustion chamber during operation. It is essential 
that the design of burner, catalyst and reactor is such that the 
precursors are destroyed by the catalyst bed to avoid soot formation. 
In Table 2, examples of operating conditions without soot formation 
in a pilot plant are given [2]. 

 
Table 2: Autothermal Reforming - Pilot Plant Demonstration 

Runs at Low H2O/C-Ratios [2] 
 

Test A B 
Feed Ratios 1)(mole/mole) 

H2O/C 
O2/C 2) 

 
0.60 
0.58 

 
0.36 
0.57 

Product Gas 
Temperature, (Û&� 
Pressure, (bar) 
H2/CO, (mole/mole) 

 
1020 
28.5 
2.30 

 
1022 
28.5 
2.15 

Total run hours 2235 920 
 
Notes:  1)  Mole per mole of hydrocarbon C-atoms 

2) The O2/C-ratio is approximately 5% higher than 
truly adiabatic reactors with same exit 
temperature. 

 
Conclusion 
The combination of adiabatic prereforming and autothermal 
reforming at low H2O/C-ratios is a preferred layout for production of 
synthesis gas for large GTL-plants. Extensive testing and 
demonstration in pilot plants have proven that the technologies are 
ready for application in large industrial scale. 
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ABSTRACT 

Methanol experimental data are obtained under pyrolysis, fuel 
lean (φ = 0.75) and stoichiometric mixtures with methane in a flow 
reactor.  Methanol pyrolysis experiments are performed under 
isothermal conditions of 1073K over a pressure range from 1 to 10 
atm.  Oxidation environments are performed over a temperature 
range from 873 - 1073K and a pressure range from 1 - 5 atm.  
Oxidation experiments consisting of methane/methanol mixtures are 
performed under stoichiometric conditions, with varying ratios of 
the two fuels.  A pressure dependent mechanism for 
methane/methanol oxidation and pyrolysis reaction system is 
developed and compared with experimental data.  Pathways for 
formation of higher molecular weight species, such as methyl-
ethers, are also incorporated in this mechanism.  The mechanism 
consists of about 150 species and 450 elementary reaction steps, 
with over 200 elementary reactions being pressure dependent.  
Pressure and temperature dependent rate constants are determined 
by utilizing quantum RRK (QRRK) analysis on bimolecular 
(chemical activation) association, addition and insertion reactions 
and in unimolecular dissociation and isomerization reaction 
systems, combined with “modified strong collision” treatment for 
fall-off.  Pressure and temperature dependent rate constants are 
determined by the QRRK code and expressed in the form of an 7 x 3 
Chebyshev polynomial formalism over the pressure range of 0.001 
to 100 atm and a temperature range of 250 to 2500K.  Methane 
oxidation increased significantly with addition of methanol. 

 
INTRODUCTION 

Oxygenated hydrocarbons play an important role in both 
industrial and environmental chemistry.  Alcohols, such as methanol 
and ethanol, are in use as alternative motor fuels and as additives to 
conventional transportation fuels to improve performance.  Ethers, 
such as methyl tert-butyl ether (MTBE), are in use as oxygen 
additives as anti-knock components in gasoline and other ethers are 
being considered as additives for diesel fuels.  The oxidation and 
pyrolysis of gas phase methanol has been reported in a number of 
studies over the past half century by different experimental methods, 
which range from laser induced fluorescence, diffusion flame, 
shock-tube and static or flow reactors.  Both De Avillez Pereira et. al 
and  Held and Dryer present recent experimental data on this system, 
as well as a thorough compilation of previous works done on this 
system.5,10 

Three different wide ranges of experimental conditions are 
performed: methanol pyrolysis, methanol oxidation and 
methanol/methane oxidation.  A reaction mechanism model is also 
developed, which includes about 200 pressure dependent reaction 
steps.  Pressure and temperature dependent rate constants are 
represented in Chebyshev polynomial form over a pressure range 
from 0.001 - 100 atm and a temperature range of 250 – 2500K.  
Included in the mechanism are pressure effects on important 
unimolecular and bimolecular reactions plus negative temperature 

dependence and pressure effects on hydrocarbon (HC) and oxy-
hydrocarbon (OHC) species reactions.  Pathways for formation and 
oxidation of higher molecular weight products, such as C2 
hydrocarbons and methyl-ethers, which we observe in this study, are 
also included. 

 
EXPERIMENTAL SETUP: 

The reactor used in the experiment is a 6mm ID (12mm OD) 
quartz tube, housed in a 75 cm three-zone clamshell 3 cm ID electric 
tube furnace equipped with three independent digital temperature 
controllers.  A 200 psi back pressure regulator is used to maintain the 
desired pressure within the reactor.  (Refer to Figure 1 for 
experimental setup). 

 
Figure 1.  Schematic of experimental flow reactor and analytical 
system. 

 
The feed mixtures are preheated to about 373ºK to prevent 

condensation and improve reactor temperature control.  Gas samples 
are drawn through by a mechanical vacuum pump.  An HP-5890 
Series II gas chromatograph (GC) with two flame ionization detectors 
(FID) is used on-line for analysis.  A packed column is used for the 
separation of CO, CO2 and light HC’s and a capillary column is used 
for heavier HC’s and OHC’s separation.  A catalytic converter is used 
to improve quantitative analysis of CO and CO2 by converting the 
mixture to methane, which can be detected by the FID.  Batch 
samples of reactor gas drawn from the reactor are collected into 
evacuated 25 cm3 stainless steel sample cylinders for verification of 
products using a GC/MS. 

Methanol pyrolysis experiments are all performed under 
isothermal condition at 1073ºK, with varying concentrations of 
CH3OH over a pressure range from 1 to 10 atm.  Experimental data 
on the decomposition of methanol in presence of oxygen and argon 
were obtained for both fuel lean (φ = 0.75) and stoichiometric (φ = 
1.0) conditions over a temperature range from 873 to 1073ºK and a 
pressure range of 1 to 5 atm.  All methanol/methane oxidation 
experiments are carried out under overall stoichiometric conditions.  
Experimental data for methanol/methane oxidation experiments at 
two different temperatures and pressure combination conditions are 
collected: either 873ºK and 5 atm or 1073 and 1 atm.  Various 
methanol/methane concentration ratios, ranging from 0:2 to 2:0, were 
studied for each of the two temperature/pressure conditions. 

 
COMPUTATIONAL METHODS 

Thermodynamic properties.  Thermodynamic properties of 
species are from literature, theoretical and estimation techniques, such 
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as group additivity2, hydrogen bond increment (HBI)12 and ab 
initio or density function calculations.  The molecular properties for 
the explicit CH3OH dissociation system, including methanol, 
transition states (TS) and products, are determined by the high level 
composite CBS-APNO ab initio calculations.  The ab initio 
calculations are performed using Gaussian94.6  The CBS-APNO 
calculations are performed in accordance to the method outlined by 
Montgomery et al15.  Vibrational frequencies, ZPVE and thermal 
correction contributions are calculated at the HF/6-311G(d,p) level 
of theory, with scaling factors consistent with the recommended 
values by Scott and Radom.18  The optimized geometry is 
calculated at the QCISD/6-311G(d,p) level of theory.  Figure 2 
illustrates the potential energy diagram of the CH3OH subsystem.  
The enthalpies of the two biradicals in the system are determined by 
use of isodesmic working reactions9 with group balance. 

 
Figure 2.  Potential energy diagram of the methanol subsystem 
calculated at CBS-APNO level of theory. 

 
Conventional statistical mechanics analysis was employed to 

determine the vibrational, external rotational and translational 
contributions to entropy and Cp(T).  Unpaired electrons are also 
included in the S298 and Cp(T) calculations accordingly.  
Contributions of internal rotation to S298 and Cp(T) are incorporated 
based on the Pitzer-Gwinn formalism.17 

Calculation of High-Pressure Rate Constants.  Abstraction 
reaction rate constants are not pressure dependent and are usually 
taken from evaluated literature when available.  Evans-Polanyi 
analysis is used on the reaction in the exothermic direction to 
estimate the energy of activation (Ea) for rate constant. 

The high-pressure forward rate constants in the CH3OH 
subsystem are determined by application of macrocanonical 
transition state theory (CTST) for temperatures from 300 – 2500 K.  
Forward rate constants from 300 – 2500 K are calculated and fitted 
by a nonlinear least squares method to the form of a modified 
Arrhenius rate expression.  The rate constants for the three 
combination and dissociation reaction in the CH3OH system are 
calculated by variational transistion state theory (VTST), with 
thermochemical properties determine at the CBS-Q//B3LYP/6-
31G(d,p) level of theory.16,1,13  The combination reaction rate 
constant is determined by satisfying the microscopic reversibility 
criteria. 

Kinetic Analysis.  Pressure and temperature dependent rate 
constants are determined by a modified quantum RRK (QRRK) 

formalism for k(E).  Two methods to analyze the collisional 
deactivation of the energized adduct are used: master equation 
analysis and the modified strong collision model.  Chang et al 
described a modified QRRK analysis that is used in this paper.4  
Master equation analysis is used for fall-off in this analysis as 
described by Sheng et al19 and follows Gilbert and Smith7. 

Pressure Dependent CHEMKIN Mechanism.:  Both the 
modified strong collision and master equation codes incorporate a 
temperature and pressure dependent output formalism for the rate 
constants, in the form of an N x M Chebyshev polynomial expression.  
The temperature-pressure dependent rate coefficients in Chebyshev 
format for the current system of interest are derived from application 
of the methodology described by Venkatesh et al21,20.  The 
CHEMKIN interpreter is modified to accept the N x M Chebyshev 
polynomial formalism of rate constant.11 

 
RESULTS AND DISCUSSION 

Enthalpies of CH3OH Subsystem.  The sum of enthalpies for 
the respective product sets are compared with data from the study of 
Walch22 and Harding et al8.  Harding et al’s data are calculated at 
the RMP4/6-31G(d,p) level of theory and Walch’s data are derived 
using complete-active-space self-consistent-field (CASSCF) / 
internally contracted configuration-interaction (CCI), ab initio 
calculations. 

Table 1.  Comparison of Product Enthalpies in the Methanol 
System with Literature Data. 

 CBS-APNO Walch22 Harding et al.8 
CH3OH 0 0.0 0.0 

CH3O + H 104.1   
CH2OH + H 95.1   
1CH2 + H2O 91.8 88.8 94.9 
3CH2 - 1CH2 -8.99 -9.0  
CH3 + OH 90.5   

1HCOH + H2 72.8 71.1 71.1 
CH2O + H2 20.1 18.1 16.4 

[H2CO···H2]‡ 90.7 91.9 96.5 
[HCOH···H2]‡ 86.5 85.0 91.0 
[1CH2···H2O]‡ 83.6 82.3 84.6 

 
The enthalpy for the transition state of 1CH2 + H2O channel, as 

reported also by Walch and Harding et al, is lower than the enthalpy 
of 1CH2 + H2O.  The CH3OH dissociation barrier, through the 1CH2 + 
H2O channel is calculated form canonical transition state theory, 
based on an excited state of TS that has the same enthalpy as the 
enthalpy of 1CH2 + H2O with a corresponding entropy at the same 
energy level as the “excited” TS.  The high-pressure limit rate 
constants are shown in Table 2. 

Table 2.  High-Pressure Limit Rate Coefficient for the CH3OH 
System. 

Reaction A n Ea (kcal/mol) 
 

CH3 + OH  CH3OH 3.3133E6 2.0765 -1.7551 a 
CH3OH  CH3 + OH 3.2591E10 2.05451 90.347 b 

CH3OH  CH2OH + H 1.6369E7 2.54513 91.951 b 
CH3OH  CH3O + H 1.1908E7 2.38792 99.614 b 
CH3OH  CH2O + H2 1.1004E9 1.28149 90.233 c 

CH3OH  1HCOH + H2 2.0299E10 1.22342 86.411 c 
CH3OH  1CH2 + H2O 2.8735E11 1.60030 92.538 d 

(a)  Microscopic reversibility  (b)  Variational transition state theory 
calculation, based on CBS-Q//B3LYP/6-31G(d,p)  (c)  Canonical transition 
state theory calculation, based on CBS-APNO  (d)  Adjusted canonical 
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Comparisons with Experimental Results.  Methanol pyrolysis 
comparisons between the model with experimental results at 1 atm is 
illustrated in Figure 3.  Comparisons of the methanol oxidation model 
and the experimental results at 5 atm at an equivalence ratio of φ = 1 
is shown in Figures 4.  These show reasonable agreement for reactant 
decay and main product formation. 

transition state theory calculation – thermochemical properties of the 
transition state taken at the corresponding energy level of the sum of the 
products. 

 
After methanol decomposition occurs (refer to Figure 1), 

CH3OH + OH is the critical reaction responsible for methanol decay. 
The formation of CH2O + HO2 adduct is the dominant channel for 
pressures < 1 atm and temperature < 2000ºK.  Formaldehyde then 
decays mostly by the reaction of CH2O + OH  →  HCO + H2O.  The 
decomposition reaction of HCO + M  →  CO + H + M is found to be 
the dominant channel to form carbon monoxide and CO + O + M  →  
CO2 + M to form final product of carbon dioxide. 

 

The comparison of methane and methanol oxidation can be 
described in three stages: initiation, propagation and oxidation.  
During initiation, formation of key radicals is determined by the 
most favorable thermochemical kinetic of the respective elementary 
reaction.  Several channels of CH3OH unimolecular decomposition 
are much lower in energy than CH4 and, therefore, faster than CH4 
decomposition.  Therefore, propagation reactions in CH3OH 
oxidation occur more rapidly than CH4 oxidation. 

CH3 is the initial radical intermediate in CH4 oxidation.  The 
major reaction of CH3 at low CH3 concentration is reaction with O2.  
CH3 reaction with O2 to form the [CH3OO]* complex which can 
isomerize to [CH2OOH]* and then form the products CH2O + OH. 

Formation of C2 Species.  The current mechanism also 
includes the kinetics of several C2 species.  The formation of C2 
species is from the combination of two methyl radicals to form 
ethane.  Abstraction of hydrogen from ethane by radicals from the 
radical pool forms ethyl radicals, which can undergo addition 
reaction to form ethylperoxy radical.  The dominant products is C2H4 
+ HO2. 

Vinyl radicals are formed from the loss of hydrogen in the 
ethylene molecule, via abstraction reaction with radicals.  The vinyl 
oxidation system used is from Chang et al.4  This vinyl oxidation 
subsystem includes 5 possible stabilized adducts with multiple exit 
channels, including the formation of the 3-member ring dioxiranyl 
radical, which has recently been recognized to be an important 
channel.3  The lowest energy process is peroxy radical attack on the 
ipso carbon, forming a di-oxirane methylene radical, which then 
isomerizes through an epoxide and cleaves the weak peroxy O—O 
bond.  A further beta scission opens this epoxide ring to form the 
H2C•-O-CHO isomer.  This isomer beta scissions to form CH2O + 
HCO before stabilization can occur.  The peroxy radical can also 
undergo a concerted elimination to form acetylene + HO2, isomerize 
via a hydrogen shift to form the vinyl hydroperoxide radical or 
isomerize to form a 4-member ring.  The 4-member ring can ring 
open to form product pairs such as HCO + H2CO or H + glyoxal, or 
redissociate to reactants. 

Figure 3. Comparison of experimental data with model for CH3OH 
pyrolysis at 1073 K, 1 atm, X0 = 3.95 % 

 

CH3C●O + O2 and ●CH2CHO + O2 subsystems are obtained 
from Lee and Bozzelli14 where thermochemical and kinetic 
properties are calculated at CBS-Q level of theory.  Both reaction 
systems initiate by the addition of oxygen onto the radical site 
forming a peroxy radical.  One product set resulting from both 
systems is the formation of ●CH2CO + HO2.  In both oxidation 
systems, the ●CH2CO + HO2 products can be formed through two 
channels; direct molecular elimination or β-scission of the 
hydroperoxy radical formed from isomerization.  The other channel 
that can occur with the hydroperoxy radical is ring closure to form a 
carbonyl-oxirane specie plus OH.  In the ●CH2CHO + O2 
subsystem, the hydroperoxy ethyl-aldehyde radical can also undergo 
a fast reaction, albeit complex, to form the product set consisting of 
OH + CO + H2CO. 

Fuel Chemistry Division Preprints 20 02, 47(1), 100



  Figure 4.  Comparison of experimental data with model for CH3OH 
oxidation at 873 K, 5 atm, X0 = 0.78 % Figure 5. Comparison of experimental data with model for 

CH3OH/CH4 oxidation at 873 K, 5 atm, XCH3OH,0 = 0.78%, XCH40 = 
0.78%  

Figures 5 and 6 shows comparison of methane/methanol 
mixture experiment at 873ºK, 5 atm and equal initial concentration 
of methane/methanol, with a fuel equivalence ratio of unity.  The 
initial methane concentration in Figure 5 is 0.78% and in Figure 6 it 
is 0.39%.  Agreements between model and experimental data on 
methane and methanol predictions are relatively well matched.  The 
model predicts methanol reacts slightly faster than experimental 
data.  The model under predicts CO at both conditions, while CO2 is 
over predicted.  Formaldehyde formation between the model and 
experimental data has very good agreement.  The model is able to 
predict a maximum inflection point in the concentration profile, 
which is observed in the experimental data as well.  Trace product 
concentrations of ethane and ethylene, as predicted by the model, are 
higher than expected compared to experimental data. 

 
Figure 6. Comparison of experimental data with model for 
CH3OH/CH4 oxidation at 873 K, 5 atm, XCH3OH,0 = 0.39%, XCH40 = 
0.39% 
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CONCLUSION: 
Experimental data and a kinetic model has been developed and 

tested for various types of reaction system (i.e. pyrolysis, fuel lean, 
stoichiometric and fuel additive) at different system conditions 
(temperature, pressure and initial fuel concentration).  Comparison 
between experimental and the kinetic model shows relatively good 
agreement.  This mechanism can serve as a basis for future studies 
on other higher molecular weight hydrocarbon and oxy-hydrocarbon 
system, especially since data on addition of oxy-hydrocarbon to 
hydrocarbon specie significantly accelerates the decay of the 
hydrocarbon specie. 
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Introduction 

Conversion of methane and carbon dioxide into useful products 
is an important area in the current catalytic research on hydrocarbon 
transformations. Carbon dioxide reforming with methane is not only 
very important for potential usefulness in industry and environment 
optimization1-8 but also theoretically significant in understanding the 
nature of heterogeneous catalysis on hydrocarbon conversion. 
Heterogeneous catalysis occurs at active centers on a surface and it is 
recognized that a complete understanding of the catalytic process 
requires a detailed knowledge of the nature and function of active 
sites on the surface of the catalysts. The key to surveying the active 
centers of the metal catalysts is to evaluate and characterize the 
structure features and properties of the catalysts. The variation of the 
properties of catalysts can reflect the interaction among metal, support 
and promoter, and the agglomeration features of the active sites on 
the metal catalysts. The possible processes accompanying the carbon 
dioxide reforming with methane may be also speculated according to 
the changes of physical properties of catalysts. In this paper, physical 
and chemical adsorption methods are used to characterize the 
properties and structure of catalysts. The characterized results are 
used to correlate with the reforming reactivity on metal catalysts and 
to emphasize the importance of the special structure features in the 
reaction of this type. 
 
Experimental 

The surface properties such as surface area, average pore 
diameter, and pore volume are determined using an ASAP 2010 
analyzer using N2 adsorption at 77.5 K. Samples are degassed until 
the pressure  in the tube was below 10 µmHg before analysis.  

The total pore volume, Vt, is derived from the amount of 
adsorption at a relatively pressure close to unity, given that the pores 
were totally filled with the liquid adsorbate. The average pore size is 
estimated from the pore volume, assuming that a cylindrical pore 
geometry using the equation Dp = 4Vt/S. The mesopore distribution 
curve is obtained from the adsorption branch of the N2 isotherm by 
BJH method. The micropore distribution  is calculated from the gas 
adsorption using the Horvath-Kawazoe equation, with relative 
pressure (P/Po) below 0.01.  

The dispersion of nickel on the support is roughly estimated by 
static equilibrium chemisorption of H2 at rather isothermal conditions 
of 308 K. A constant volume high-vacuum apparatus, ASAP 2010C, 
is used for this purpose. Samples are degassed until the pressure  in 
the tube was below 10 µmHg before analysis. 

 The physisorbed gaseous impurities on the surfaces of the 
catalyst samples are cleaned away by ultra high pure N2 (99.999%) at 
973 K. Subsequently, the samples are reduced in ultra high pure H2 

(99.999%) flow at 973 K for 2 hrs. Finally, ultra high pure N2 is 
introduced again to purge the samples for 30 minutes. 

 
Results and Discussion 

Effect of Active Component on Structure Variation of 
Catalysts. The catalysts are prepared by wetness impregnation 
method using CoSO4 (Co-1), Co(NO3)2 (Co-2), and Ni(NO3)2 as the 
metal precursors, respectively. Figure 1 shows the adsorption 
isotherms of the untreated alumina support and various calcined 
catalysts. All adsorption isotherms are similar to a type I isotherm. 
Impregnation results in an approached decrease in the amount 
adsorbed, with only slight modification of the knee corresponding to 
microporosity. A quantitative comparison of the variation of the 
textual structure, mesopore, and micropore distribution of the alumina 
support, fresh and used Co, Ni catalysts is given in Table 1. The 
results in Table 1 show that impregnation of sulfate or nitrate on the 
support decreases its surface area and total pore volume. However, 
the average pore diameters of all catalysts are increased after 
impregnation and carbon dioxide reforming reaction. Of interest is 
that the mean micropore diameters of all catalysts are obviously 
decreased after impregnating of the metal component on the alumina 
support. It means that the impregnated metal species maybe mainly 
locate on the inner surface of the micropore of the alumina support 
and that the reforming active sites locate in these micropore metal 

sites. Simultaneously, the larger pores are generated after reaction. 
 

 
 
Figure 1. The adsorption isotherm of the untreated support and 
calcined catalysts. 
×: 10 wt% Co-1/Al2O3 (CoSO4 as the precursor)   �: untreated γ-
Al2O3   Ï : 10 wt% Co-2/Al2O3 (Co(NO3)2 as the precursor) O: 10 
wt% Ni/Al2O3 
 
 

Table 1. Characterization of Catalyst Pore Structure* 
Catalyst 
(10wt%) 

state SBET 

(m2/g) 
D 
(Å) 

Dmicro 

(Å) 
Vtotal 

(cm3/g) 
γ-Al2O3  192 62.5 7.20 0.300 

fresh 118 78.0 5.90 0.231 
Co-1/Al2O3 used 114 85.7 6.31 0.244 

fresh 144 66.0 6.60 0.238 
Co-2/Al2O3 used 174 97.1 6.67 0.422 

fresh 130 75.2 6.50 0.244 
Ni/Al2O3 used 110 85.0 6.52 0.234 

      * D: average pore diameter    Dmicro: mean micropore diameter 
 

Effect of Promoter on Structure Variation of Catalysts. The 
variation of surface areas and total pore volumes of fresh and used 
catalysts with promoter addition are shown in Table 2. From the 
results shown in Table 1, it is deduced that nickel nitrate impregnate 
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is possibly distributed uniformly in the surface pores of the support 
with similar decrease in micropore and mesopore volume for various 
catalysts. Compared the results in Table 2 with those in Table 1, it is 
easy to know that addition of oxide promoters results in the more 
decrease of the mesopore volume. Addition of promoters of 
Mg(NO3)2 and Ce(NO3)2 during the multiple-step impregnation 
process alters the deposition behaviors of Ni(NO3)2. The locations of 
the metal and oxide promoters are altered during the impregnation 
process and the oxide promoter are mostly concentrated on the outer 
layer of the alumina support while the nickel metal is generally 
dispersed in the support pores. Apparently, addition of promoters, 
which mostly deposit on the surface, contributes to more reduction in 
mesopore volume. 

However, it is seen that the unpromoted and promoted 7wt% Ni 
catalysts show very slight difference in micro- and mesopore volume, 
but the variations are negligible and well within experimental errors. 
There is slight increase in surface area by promoter’s addition. Figure 
2 indicates that the generation of the pores in the range of 10-30 Å 
results in the increase of surface area. The part blocking of the bigger 
mesopores by oxide promoters may be responsible for the generation 
of smaller mesopores. 

 

 
Figure 2. The mesopore distribution of the untreated support, fresh 
and used Ni supported catalysts.  
O: untreated γ-Al2O3  ×:  fresh 7wt%Ni/Al2O3  +: used 7wt%Ni/Al2O3 

 
Table 2. Characterization of Catalyst Pore Structure* 

Catalyst(wt%) state SBET 

(m2/g) 
D 

(Å) 
Vtotal 

(m3/g) 
Vmeso 

(m3/g) 
γ-Al2O3  192 62.5 0.300 0.246 

fresh 172 56.3 0.242 0.195 7%Ni/Al2O3  
used 143 53.6 0.192 0.154 

7%Ni-1%Mg-1%Ce/Al2O3 fresh 180 55.3 0.240 0.195 
fresh 150 59.4 0.227 0.189 8.5%Ni-2%Mg-

3%Ce/Al2O3 used 126 72.0 0.226 0.193 
8.5%Ni-3%Mg-
2%Ce/Al2O3 

fresh 148 57.0 0.212 0.173 

8.5%Ni-3%Mg-
3%Ce/Al2O3 

fresh 130 64.0 0.200 0.166 

fresh 144 63.3 0.227 0.191 10%Ni-3%Mg-1%Ce/Al2O3 
used 123 69.0 0.212 0.181 
fresh 145 61.7 0.223 0.186 11.5%Ni-1%Mg-

2%Ce/Al2O3 used 127 73.5 0.232 0.199 
11.5%Ni-3%Ce/Al2O3 fresh 143 71.5 0.255 0.219 

*D: average pore diameter 
 

The pore structure variations of three kinds of 8.5 wt% Ni 
catalysts in Table 2 show that more promoter addition results in more 
decrease in mesopore volume and the MgO addition exhibits stronger 
effect on this decrease. The data for 11.5 wt% Ni catalysts also 
indicate that MgO addition significantly influences pore structure. Too 
MgO addition may retard the reduction of NiO and cover the NiO 
layer on the support surface. Therefore, inappropriate MgO addition 
may decrease the nickel dispersion and surface nickel concentration, 
which will be described in the H2 chemisorption. 

Effect of Reaction on Structure Variation of Catalysts. 
Figure 2 shows that mesopore distribution of the untreated support, 
unpromoted and promoted catalysts before and after reaction. The 
variation of surface areas and total pore volumes of fresh and used 
catalysts are shown in Table 2.  

Figure 2 indicates that the number of pores in catalysts decreases 
after nickel is loaded on the support remaining in approximately same 
range of pore diameters. However, the pore size distribution of 
various catalysts is quite different after reaction. Figure 2 shows that 
the number of pores in the range of 30-80 Å in 7 wt%Ni/Al2O3 
catalyst is significantly decreased after reaction. The total pore volume 
is also decreased from 0.242 to 0.192 cm3/g. The mesopore volume 
decrease contributes primarily the decline of the total pore volume for 
7 wt%Ni/Al2O3 catalyst. The pore volume decrease may be derived 
from the coverage of carbon deposition produced in the reforming 
reaction. That is to say, carbon deposition mainly covers the surface 
of the catalyst and blocks the mesopores. The unpromoted catalyst 
exhibits poor resistivity to carbon deposition compared with the 
alkaline oxide-promoted catalysts according to the pore volume 
results before and after reaction. 

The results shown in Table 2 indicate that the 8.5wt%Ni-
2%MgO-3%CeO2/Al2O3 provides almost unchanged total pore 
volume and decreased surface area after the reaction. The increased 
number of larger pores and decreased smaller pores generated in the 
reaction are responsible for these variations. The average pore 
diameter shifts toward larger pore size after reaction from 59.4 to 
72.0 Å. The pore structure variation may be derived from the support 
crystalline phase change under high temperature. 

H2 Chemisorption. The metal dispersions of the nickel catalysts 
supported on alumina are estimated by assuming that each surface 
metal atom chemisorbs one hydrogen atom, i.e., H/Nisurface= 1. Blank 
experiments show that the amount of H2 chemisorbs on bare supports 
is negligibly small. The adsorption results are shown in Table 3. 

It is found that the metal dispersions of Ni and metallic surface 
areas on all catalysts are not very high. The apparent low nickel 
dispersion on the high surface area of γ-Al2O3 carrier is probably due 
to the formation of NiAl2O4, which can not chemisorb hydrogen at 
room temperature. Incomplete reduction of Ni crystalline particles, as 
well as blocking and coverage of nickel crystallites by species 
originating from MgO and CeO2 promoters, may also contribute to 
lowering the amount of hydrogen adsorbed. 

 
Table 3. The Metal Dispersions of the Catalysts 

Catalyst (wt %) 
Mdisp 

(%) 

Msa 

(m2/g 
sample) 

Nsa 

(m2/g 
metal) 

8.5%Ni-2%MgO-3%CeO2/Al2O3 0.313 0.177 2.081 
8.5%Ni-3%MgO-3%CeO2/Al2O3 0.113 0.064 0.752 
7%Ni-1%MgO-1%CeO2/Al2O3 0.204 0.095 1.354 
10%Ni-2%MgO/Al2O3 0.170 0.114 1.134 

 
The results show that the 8.5%Ni-2%MgO-3%CeO2/Al2O3 

catalyst achieved best metal dispersion among the tested catalysts. 
The nickel dispersion declines form 0.313% to 0.113% with increased 
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MgO addition from 2 wt% to 3 wt%. This may be attributed partly to 
the catalyst preparation uncertainty. However, no doubt that the 
decrease of metal dispersion can be ascribed primarily to the 
inappropriate promoter addition. 

 
Conclusions 
1) The mean micropore diameters of all catalysts were obviously 
decreased after impregnating of the metal component on the alumina 
support. It means that the impregnated metal species maybe mainly 
locate on the inner surface of the micropore of the alumina support 
and that the reforming active sites also locate in these micropore metal 
sites. 
2) The oxide promoter were mostly concentrated on the outer layer of 
the alumina support while the nickel metal was generally dispersed in 
the support pores. Addition of promoters contributed to more 
reduction in mesopore volume. 
3) H2 chemisorption revealed that the addition of the alkaline oxide 
MgO promoter significantly prohibits the metal dispersion on the 
catalyst. Inappropriate promoter addition can result in sharp decrease 
of the metal dispersion. 
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Introduction 
        Currently, increasing attention is being paid to the low 
temperature steam reforming of methanol to produce high purity 
hydrogen to use as fuels in fuel cells for on-board power generation 
for vehicles. The favor for methanol as a chemical carrier for 
hydrogen is mainly due to its ready availability, high energy density, 
and easy storage and transportation. Hydrogen can be extracted in 
three different processes from methanol: (i)methanol decomposition 
(ii)steam reforming of methanol(SRM) and (iii) partial oxidation of 
methanol (POM; equations (1) - (3),respectively ):  

CH3OH ≒ 2H2+CO                            (1) 
△H0

298= + 92.0 kJ mol-1 
CH3OH+H2O ≒ 3H2+CO2                  (2) 
△H0

298= + 49.4 kJ mol-1 
CH3OH +(1/2)O2 ≒ 2H2+CO2             (3) 
△H0

298= - 192.2 kJ mol-1 
So far, the steam reforming of methanol reaction (equation(2)) was 
the only process considered for hydrogen production for fuel cell 
applications. Unfortunately, the reaction produces a considerable 
amount of CO (＞100ppm ) as a by-product. As for the application of 
PEFC, even traces of CO(＞20ppm) in the reformed gas deteriorate a 
Pt electrode and the cell performance is lowered dramatically. A 
second-stage catalytic reactor has been suggested to remove the CO 
by water-gas shift reaction(CO+H2O ≒CO2+H2 ,WGSR, equation 
(4)) or CO oxidation which, in turn , requires additional space and 
equipment cost. 
       An ideal method to produce high concentration hydrogen with 
lower amount of CO is by steam reforming of methanol reaction over 
the high activity and selectivity catalysts. Now the most widely used 
catalysts for this reaction are copper containing catalysts since copper 
has been found to be highly active and selective for hydrogen. In the 
present study, we have prepared Cu/ZrO2/Al2O3 ternary catalyst by 
coprecipitation method. Our studies were aimed at investigating the 
effects of ZrO2 concentration, reaction temperature, H2O/CH3OH 
molar ratio, methanol space velocity and reaction time on the activity 
and selectivity and stability of the cataysts. The results show that the 
catalysts display great activity for methanol conversion and high 
selectivity for hydrogen and long stability. Maximum conversion of 
methanol 95.0 %, 100 mol.% hydrogen selectivity and CO molar 
fraction 1.45x10-6 were obtained in the steam reforming reaction at 
250 ℃ with the catalyst containing 15.0 wt.% ZrO2. 
 
Experimental 
       Catalyst preparation. A mixed aqueous solution of copper 
nitrate trihydrate (Cu(NO3)2.3H2O), zirconium oxychloride 
octethydrate (ZrOCl2.8H2O) and aluminum nitrate nonahydrate 

(Al(NO3)3.9H2O) and a solution of sodium carbonate are added 
slowly and simultaneously into 100ml of deionized water at 60℃ 
with vigorous stirring. The pH is kept constant at 7.0-7.2. The 
precipitates are aged at 60 ℃ for 30 min under vigorous stirring and 
then filtered and thoroughly washed with hot deionized water. The 
precipitates are dried overnight in air at 110℃ and calcined on a 
muffle oven at 500℃ for 3h . Each calcined catalyst are pelletized in 
a hydraulic press, crushed, and sieved into particle size ranging from 
0.45-0.50mm and used as catalysts for the steam reforming of 
methanol reaction. 

Activity measurement. Catalytic experiments were performed 
in a continuous flow fixed-bed microreactor (4mm i.d.) placed in an 
electrically heated furnace. The furnace temperature was controlled 
by a PID temperature controller through a K-type thermocouple  
inserted into the furnace. A separate thermocouple was used to 
monitor the temperature of the catalyst bed. This arrangement was 
capable of ensuring an accuracy of (±1℃) for the catalyst bed 
temperature. All run were conducted at reaction temperature in the 
range of 180-250℃ at atmospheric pressure. About 300-500mg of 
the catalyst was loaded in the reactor. A typical run for methanol–
steam reforming (methanol space velocity of 3.28h-1 and feed 
consisting of a 1:1 molar mixture of methanol and water) was 
performed as follows: The catalyst was first reduced in situ  in a 
premixed H2/Ar (5/95(v/v)) flow of  80 ml min-1 from 120℃ to 300
℃ with a heating rate of 1℃ min-1 and kept at this temperature for 3h 
before cooling to the reaction temperature. The feed was then 
pumped at the desired methanol space velocity to the vaporizer 
maintained at about 240℃. The vaporized feed from the vaporizer 
entered the reactor in a stream of Ar gas. The reaction products were 
analyzed on-line using HP 5890 gas chromatograph with thermal 
conductivity detector. The GC equipped with a 3m long Porapak-Q 
column and a 3m long Porapak-R column was able to detect the 
liquid products such as water, methanol, formaldehyde, methyl 
formate and dimethyl ether and the gaseous products such as H2, CO, 
CO2 and CH4. The catalytic activity was evaluated from the data 
collected between 2h and 4h of the continuous operations. In order to 
check the stability of the catalyst, the reaction was also performed for 
a period of 200 h the continuous operation at 250℃ . Blank run 
conducted with an empty reactor in the temperature range 180-250℃ 
did not show any detectable methanol conversion. 
 
Results and Discussion 
Table 1 Effect of ZrO2 concentration on catalytic activity 

 No    ZrO2     X(CH3OH)  Y(H2)/     S(H2)/      y(H2)/     y(CO)/  
         Wt. /%      /%           mol(h.g)-1        %                   %            10-6    

 1#        0          81.4          0.2509         100         75.0       1.60 
 2#        5          87.5          0.2697         100         75.0       1.65 
 3#        10        90.0          0.2774         100         75.0       1.47 
 4#        15        95.0          0.2928         100         75.0       1.45 
 5#        20        92.5          0.2851         100         75.0       1.44    

Reaction conditions: p=0.1Mpa ; t=250℃; X is methanol molar 
conversion; Y is hydrogen productivity; S is selectivity ; y is molar 
fraction.   

Table 1 shows a typical behavior of methanol conversion with 
catalyst ZrO2 concentration. It is seen that initially shows an increase 
in methanol conversion with catalyst ZrO2 concentration increasing 
between 0 wt.% and 15 wt.%, beyond 15.0 wt% ZrO2, methanol 
conversion begins to fall. Maximum methanol conversion of 95.0 % 
is attained over the catalyst containing 15.0 wt.% ZrO2. H2 selectivity 
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Figure 2 shows the effect of methanol space velocity (WHSV) 
on the catalytic performance over Cu/ZrO2/Al2O3 catalysts. Methanol 
conversion and CO concentration decrease with increasing methanol 
space velocity, hydrogen productivity has maximum in the 
experiment conditions. On the other hand, the methanol space 
velocity does not influence the selectivity of H2, which remains  
100% throughout the experiment. In the present study, a methanol 
space velocity of 3.28 h-1 has been chosen for the evaluation of the 
performance of the catalyst in the steam reforming reaction. 

is 100 mol.% in the experiment conditions, and CO concentration in 
reformed rich hydrogen gases is relatively little.  
       The effect of reaction temperature on catalytic performance is 
depicted in Table 2. Methanol conversion and hydrogen productivity 
increase with temperature increasing, methanol has almost converted 
into H2, CO, CO2 entirely at 280℃.In the temperature range180-250
℃, hydrogen concentration and selectivity remain unchanged ,CO 
concentration is relatively little. On the other hand, CO concentration 
in reformed rich hydrogen gases increases with reaction temperature 
increasing.  In order to investigate the stability of the catalyst during the 

steam reforming reaction, the continuous operation was performed at 
250℃ over the catalyst with containing 15 wt. % ZrO2 for a period of 
200 h and the result is displayed in Figure 3. It can be seen that there 
is a small initial deactivation over the catalyst.  After 30 hours of 
continuous operation, the methanol conversion remains almost 
unchanged throughout the period. As far as the product selectivity is 
concerned, there is no change in the selectivity of H2, H2 selectivity is 
still 100 mol.%. 

Table 2 Effect of reaction temperature on catalytic activity 
Temperature X(CH3OH)  Y(H2)/      S(H2)/     y(H2)/     y(CO)/   
     /℃             /%            mol(h.g)-1        %                   %            10-6       
    180           30.2           0.0931         100         75.0        1.06 
    200           56.4           0.1738         100         75.0        1.14   
    230           82.5           0.2543         100         75.0        1.21  
    250           95.0           0.2928         100         75.0        1.45  
    280           99.8           0.3076         100         75.0        4.46  

Reaction conditions: the same as Table 1. 
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Figure 1 shows the effect of H2O/CH3OH molar ratio on the 
catalytic performance at 250℃. It can be observed that the methanol 
conversion and hydrogen productivity increase with H2O/CH3OH 
molar ratio increasing, beyond 1.3, methanol conversion increases 
relatively slowly. CO concentration decreases with H2O/CH3OH 
molar ratio increasing, water gas shift reaction accelerates with 
H2O/CH3OH molar ratio increasing according to equation (4), which 
promotes CO shifting to CO2, so the experiment result displays that 
CO concentration decreases with H2O/CH3OH molar ratio increasing. 
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Figure 3.Effect of reaction time on catalytic activity 
 
Conslusion  
        Cu/ZrO2/Al2O3 ternary catalysts obtained from thermal 
decomposition of Cu/Zr/Al hydroxycarbonate precursors display 
great activity for methanol conversion and high selectivity for 
hydrogen and long stability. The catalytic activity increases with 
ZrO2 concentration increasing between 0 wt.% and 15wt.%, the 
increase in the reaction temperature and H2O/CH3OH molar ratio also 
improves the catalytic activity, and the catalytic activity decreases 
with methanol space velocity increasing. Hydrogen selectivity and 
concentration remain unchanged in the experiment conditions, CO 
concentration in the reformed rich hydrogen gases is relatively little. 
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Introduction 

Conversion of methane and carbon dioxide into useful products 
is an important area in the current catalytic research on hydrocarbon 
transformations. Carbon dioxide reforming of methane is not only 
very important for potential usefulness in industry and environmental 
optimization1-4 but also theoretically significant in understanding the 
nature of heterogeneous catalysis on hydrocarbon conversion. 
Heterogeneous catalysis occurs at active centers on a surface and it is 
recognized that a complete understanding of the catalytic process 
requires a detailed knowledge of the nature and function of active 
sites on the surface of the catalysts. The key to surveying the active 
centers of the metal catalysts is to evaluate and characterize the 
structure features and properties of the catalysts. The variation of the 
properties of catalysts can reflect the interaction among metal, support 
and promoter, and the agglomeration features of the active sites on 
the metal catalysts. The possible processes accompanying the carbon 
dioxide reforming of methane may be also speculated according to the 
changes of physical properties of catalysts. In this paper, XRD, TPR, 
SEM and EDX techniques are used to characterize the properties and 
structure of catalysts. The characterized results are used to correlate 
with the reforming reactivity on metal catalysts and to emphasize the 
importance of the special structure features in the reaction of this 
type. 
 
Experimental 

Catalyst preparation. Nickel catalysts were prepared by the 
incipient wetness impregnation method. The solids were dried 
overnight in air at 393K, then calcined at 773 K in air for 6 hrs for 
complete decomposition of the precursors. For the promoted 
catalysts, magnesium nitrate and cerous nitrate were added to the 
support by the same method. 

Catalyst characterization. A BDX-3200 X-ray powder 
diffractometer was used to identify the main phases of nickel-based 
catalysts. Anode Cu Kα (40 kV, 20 mA) was employed as the X-ray 
radiation source, covering 2θ between 20° and 80°. The XRD patterns 
were monitored and processed by a computer.  

The microscopic appearance observation was conducted using 
scanning electron microscope (JEM 5410LV, JEOL Technologies) 
with the accelerating voltage of 25 kV. The surface elemental 
composition of the catalysts was determined by energy distribution 
spectrum using X-ray microanalysis (ISIS, Oxford Instrument). 

TPR experiments were carried out in an apparatus which 
consisted of a flow switching system, a heated reactor, and an analysis 
system.  The reactor was a quartz tube of 6 mm diameter and 20 cm 
length. The outlet of the reactor was connected to a quadrupole mass 
spectrometer (DYCOR Quadrupole, Ametek Instrument) via a heated 
steel tube (diameter 3 cm). The pressure in the main chamber of the 
spectrometer was approximately 10-7 Pa. Calibration of the mass 
spectrometer was performed with a mixture of known composition. 
Ultra high purity gases (99.999%) were used in TPR experiments. The 

catalyst sample was firstly pretreated in a O2 flow of 20 ml/min at 973 
K for 30 min, then the sample was cooled to room temperature in the 

O2 flow. Subsequently, the O2 flow was switched to a H2/He (10 ml/ 
20ml) flow. After purging with H2/He mixture for 10 min, 
temperature programming was initiated with a heating rate of 23 
K/min and the TPR profiles were on-line recorded. 

 
Results and Discussion 

XRD characterization. The XRD patterns of support, promoted 
and unpromoted Ni-based catalysts were shown in Figure 1. From the 
XRD patterns of support and catalysts, it was clearly observed that 
NiO diffraction peak didn’t appear in the patterns of unpromoted and 
promoted Ni-based catalysts. It was a good indication that high 
dispersion of nickel oxide was achieved over γ-Al2O3 support. 
However, it is difficult to estimate the effect of promoters on the 
metal dispersion on the support according to the XRD patterns.  

As can be derived from the XRD patterns shown in Figure 1, no 
detectable solid reaction occurred between NiO and Al2O3 over 
promoted catalyst. However, certain amounts of nickel were found in 
the form of NiAl2O4, a compound resulting from the solid reaction 
between NiO and the acidic Al2O3 support in the Ni/Al2O3 catalyst. 
The NiAl2O4 crystalline phase, which has a stable spinel structure, is 
rather difficult to be reduced, as witnessed by the fact that it 
essentially survives H2 reduction at 1023 K. However, addition of 
MgO (3 wt%) to γ-Al2O3 significantly affected the basicity/acidity of 
the support, leading to a profound change in the bulk phase 
composition. It was observed that the diffraction peak of NiAl2O4 
disappeared over MgO-promoted catalyst. This is probably attributed 
the fact the basic MgO is preferably reacting with the acidic Al2O3 to 
form stable magnesium aluminate, thereby suppressing the reaction 
between NiO and Al2O3. 

 
Figure 1. The XRD patterns of Al2O3 support, unpromoted and 
promoted catalysts. (+: NiAl2O4, ×: CeO2)  A: γ-Al2O3, B: 
8.5wt%Ni/γ-Al2O3      C: 8.5wt%Ni-2wt%MgO-3wt%CeO2 /γ-Al2O3 

 
The emergence of CeO2 diffraction peak in Ni-Mg-Ce/Al2O3 

catalyst indicated that the dispersion of CeO2 was unsatisfactory. This 
may be related to the catalyst preparation processes and conditions. 
More series tests of the influence of CeO2 addition on the dispersion 
of metal are absent now. The Ni-Mg-Ce/Al2O3 catalyst exhibited 
perfect performance in the catalyst evaluation experiments despite of 
unsatisfactory dispersion of CeO2 promoter. The EDX analysis 
explains the emergence of the CeO2 diffraction peak perfectly in 
following section. In the sharp contrast to CeO2, the dispersion of 
MgO promoter was satisfactory and no diffraction peak appeared in 
the XRD patterns of the promoted catalyst. 

SEM and EDX Analysis.  The surface elemental compositions 
of the fresh and used catalysts were characterized by EDX analysis 
and the results were shown in Table 1. The high surface concentration 
of some element indicated that uniform dispersion of the element is 
achieved. The enrichment trend of the element may be effectively 
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retarded and various states of the element essentially exist in relatively 
small particles. From Table 1 it was observed that the surface 
concentration of the Ni over unpromoted catalyst significantly 
decreased by almost one time, from 5.29% to 2.37%, after carbon 
dioxide reforming reaction. The surface concentration of Ni element 
also declined to some extent, from 5.74% to 4.21% over the MgO-
promoted catalyst after reaction. However, it was interesting that the 
surface concentrations of Ni element increased over CeO2 promoted 
catalysts after reaction. 

 
Table 1 Surface Composition of Fresh and Used Nickel Catalysts 

catalyst(wt%) state Al 
(%) 

Ni 
(%) 

Mg 
(%) 

Ce 
(%) 

fresh 94.71 5.29 ----- ----- 7 %Ni/Al2O3 used 97.63 2.37 ----- ----- 
fresh 84.31 9.18 n.d. 6.51 8.5%Ni-2%MgO-

3%CeO2/Al2O3 used 84.74 10.61 n.d. 4.65 
fresh 94.26 5.74 n.d. ----- 10%Ni-2% 

MgO/Al2O3 used 95.80 4.21 n.d. ----- 
fresh 93.04 4.18 ----- 2.78 11.5%Ni-3% 

CeO2/Al2O3 used 89.97 4.85 ----- 5.19 
 Reaction conditions: P = 1 atm, T = 973 K, CH4/ CO2= 1.05, WHSV 
= 12.5 h-1, used for 4 hrs.  n.d.: not detected.  %: atomic percentage 

For the Ce-promoted catalysts, the nickel loadings on the 
support were higher than that of Ce-missing catalysts. High nickel 
loading does not favor the dispersion of Ni on the surface of the 
support. However, the surface concentration of Ni reached 4.18% on 
the fresh 11.5%Ni-3%Ce/Al2O3 catalyst, approached that on the fresh 
7.5%Ni/Al2O3 catalyst. The uniform dispersion of nickel component 
over the 8.5%Ni loaded catalyst may be ascribed to appropriate nickel 
loading. Lu et al.5 studied the optimum nickel loading on various 
supports. The results showed that two-dimensional surface compound 
was formed by the interaction between NiO and Al2O3 with nickl 
loading set at 9.0% under the specific conditions. The two-
dimensional surface compound was highly dispersed on the surface of 
the support, and thus resulted in the maximum dispersion of Ni metal 
particles. Too high nickel loading may result in the formation of NiO 
crystalline phase on the support. The NiO crystalline phase submitted 
little contribution to the metal dispersion and large Ni particles were 
prone to formation in the reduction process. The large Ni particles 
provided less active metal surface area and caused rapid deactivation 
by carbon deposition on the Ni particles. 

The high surface concentration of Ni on the 8.5%Ni-2%MgO-
3%CeO2/Al2O3 may be derived from two causes. The appropriate 
nickel loading was the key to obtaining uniform dispersion on the 
surface of the Al2O3 support. As mentioned above, two-dimensional 
surface compound may be formed by the interaction between NiO and 
Al2O3 on the catalyst and Ni particles were highly dispersed under the 
specific conditions. Additionally, the comparison of the surface 
compositions of the catalysts gave good indication that the addition of 
rare-earth metal oxide CeO2 effectively promoted the Ni metal 
dispersion on the surface of the catalysts. Furthermore, the nickel 
component was gradually dispersed on the surface of the Ce-
promoted catalysts following the exposure to reaction gas mixture for 
a period. 

Chen et al.6 investigated the influence of the rare-earth metal 
oxide on the nickel dispersion on the Al2O3 support. They reported 
that the active metal component was not directly sticked on the 
support, but adjacent to the surface of the rare-earth metal oxide. The 
interaction between them occurred and the specific filling structure 
was formed on the support. This structure inhibited the migration and 
enrichment of Ni and improved the nickel dispersion in the catalyst 
preparation and reaction processes. The formation of stable spinel 

NiAl2O4 was also retarded to a reasonable content. 
It was also noteworthy that the variation of the self-dispersion of 

CeO2 on the support. The surface concentration of Ce decreased from 
6.51% to 4.65% on the MgO-containing catalyst and increased from 
2.78% to 5.19% on the MgO-missing catalyst after reaction. The 
surface concentration of Ce decreased from 6.51% to 2.78% when the 
MgO addition increased from 2% to 3% for the fresh catalysts. 
Apparently, the addition of MgO inhibited the self-dispersion of CeO2 
on the catalysts. Therefore, the appearance of CeO2 diffraction peak 
on the XRD patterns of 8.5% Ni-2%MgO-3%CeO2/Al2O3 catalyst 
was indicative of the unsatisfactory self-dispersion of CeO2 promoter. 
The EDX analysis result by scanning electron microscope was in good 
harmony with the XRD experiment result.  

The surface concentration of Mg was not detected on the 
catalysts below 2% MgO-content added. It was observed that 
increased MgO addition inhibited the promotion effect of CeO2 on Ni 
dispersion. Therefore, the optimum combination of the addition 
amount of the promoters is very important for perfect metal dispersion 
and desirable catalyst performance in the carbon dioxide reforming of 
methane. 

TPR investigation. Figure 2, 3, and 4 showed the temperature 
programmed reduction profiles over promoted catalysts. Figure 2 
indicated that appropriate MgO promoter may be a good solution to 
prohibiting the formation of NiAl2O4 spinnel phase. Addition of strong 
basic MgO significantly affected the basicity/acidity of the support, 
leading to a profound change in the bulk phase composition. It was 
observed that while the reduction peak of NiAl2O4 phase (1040 K) 
was significantly decreased, that of NiO (975 K) was greatly 
enhanced. This was probably ascribed to the fact that the basic MgO 
was preferably reacting with the acid Al2O3 to form stable magnesium 
aluminate, thereby suppressing the reaction between NiO and Al2O3. 
This was in agreement with the XRD results of promoted catalysts. 

 
Figure 2.  TPR profiles of 10wt% Ni-2wt%MgO/Al2O3 catalyst. 

 
Addition of CeO2 exhibited weak effect on retarding the 

formation of NiAl2O4 phase owing to its weak basicity (Figure 3). 
The reduction peak area of NiO was close to that of NiAl2O4 phase. 
However, the maximum reduction temperature of NiO on Ce-
promoted catalyst was decreased from 975 K to 954 K, about 20 K 
reduction compared with that on Mg-promoted catalyst. The 
decreased reduction temperature may indicate that nickel dispersion 
on the support was improved by addition of CeO2. The EDX analysis 
of the promoted nickel catalysts gave support for the description of 
promoting effect of CeO2 on nickel dispersion. 

The decreased reduction temperature of NiO and prohibition of 
formation of NiAl2O4 phase were obtained on the catalyst with 
appropriate addition amount of MgO and CeO2 (Figure 4). It gave 
partial explanation for the perfect catalytic performance of the Mg-
Ce-promoted catalyst. On the other side, the existence of appropriate 
amount of NiAl2O4 phase was beneficial to stabilization of Ni 
crystalline particles. Bolt et al.7 reported that dispersed NiAl2O4 phase 
on the catalyst keep putting off the sintering and growth of nickel 
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particles. The backscattering spectra of specially treated catalyst with 
certain amount of NiAl2O4 on near-surface of the catalyst showed that 
unlapped Al2O3 reached 42%, while unlapped Al2O3 reached 83% on 
the near-surface of NiAl2O4-deficient catalyst. This indicated that the 
pronounced sintering of nickel particles on NiAl2O4-deficient catalyst 
occurred. The nickel particles were fixed and dispersed by NiAl2O4 

and sintering was retarded on the treated catalyst. 
 

 
Figure 3.  TPR profiles of 11.5wt% Ni-3wt%CeO2/Al2O3 catalyst. 

 

 
 

Figure 4.  TPR profiles of 8.5wt% Ni-2wt%MgO-3wt%CeO2/Al2O3 

catalyst. 
 
Conclusions 

The chracterization results showed that addition of strong basic 
MgO promoter significantly retarded the formation of NiAl2O4 phase, 
while addition of rare-earth metal oxide CeO2 effectively promoted 
the Ni metal dispersion on the surface of the catalysts despite of 
unsatisfactory self-dispersion of CeO2 promoter. Furthermore, the 
nickel component was gradually dispersed on the surface of the 
support following the exposure to reaction gas mixture for a period. 
However, metal dispersion was not the unique factor that influenced 
the catalyst performance. Optimized combination of addition amount 
of different promoters was very important for perfect metal dispersion 
and desirable catalyst performance in the carbon dioxide reforming of 
methane. 
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Introduction 

Steam reforming of natural gas represents the principal 
commercial route to hydrogen production. The classical industrial 
steam reformer (1st generation) consists of hundreds of parallel 
catalyst tubes of about 10 inches diameter, surrounded by a very large 
furnace. This process suffers from a number of limitations making it 
extremely inefficient e.g.: 
(1) Diffusion Limitations: The effectiveness factors of the large 

catalyst pellets have been found to be as low as 10-2 – 10-3. 1,2 
(2) Thermodynamic Limitations:  The reversibility of the reforming 

reactions limits the conversion to thermodynamic equilibrium. 
(3) Catalyst Deactivation: Carbon formation increases with the 

increase in the temperature, leading to catalyst deactivation. 
The most successful milestone to date in the development of a more 
efficient reformer was the bubbling fluidized bed membrane steam 
reformer (BFBMSR) for natural gas, where powdered catalyst was 
used to overcome the diffusion limitations and hydrogen selective 
membranes were used to overcome the thermodynamic equilibrium 
barrier.3,4,5 Roy et al6 have experimentally studied the addition of 
oxygen to the BFBMR to provide all of the heat required for the 
endothermic reforming reactions, and found that autothermal 
conditions could be reached and maintained. 

The BFBMSR, although very efficient, still suffers from a number 
of important limitations. The present work suggests a novel, more 
efficient and flexible process consisting of a fast fluidization riser 
reactor where steam reforming and partial oxidation reactions are 
carried out. The riser reactor also has a number of hydrogen selective 
membranes for hydrogen removal and oxygen selective membranes to 
introduce a part of the oxygen into the reactor for partial oxidation of 
the feed. A gas solid separator is used to separate the solids and they 
are recycled to the riser reactor after regeneration of the catalyst. A 
preliminary schematic diagram of the proposed novel reformer is 
shown in Figure 1. 
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Figure 1.  Schematic diagram of the proposed novel configuration. 

Modeling 
In the present paper, preliminary modeling and simulation are 

carried out on the reactor section alone of the circulating fast-fluidized 
bed reformer. The cases with and without hydrogen selective 
membranes are considered and are compared with industrial fixed bed 
reformers and bubbling fluidized bed reformers. Oxygen input to the 
reactor directly or through membranes is investigated. 

Reaction Kinetics.  The rate expressions proposed by Xu and 
Froment 7 for the steam reforming of methane using Ni/Al2O3 catalyst 
will be used in the present study. They were analyzed in some detail 
by Elnashaie et al 8 and found to be the most general rate equations. 

A number of supported metal catalysts such as Ni, Rh, Pt, etc 
have been reported for partial oxidization of methane.9 Dissanayake et 
al.10 examined the oxidation state and phase composition of the 
Ni/Al2O3 catalyst as a function of axial position in the catalyst bed. 
Their results strongly support the mechanism of methane combustion 
followed by steam and carbon dioxide reforming. 

Model Equations. The fast-fluidized bed reformer is modeled as a 
plug flow reactor with co-current flow in the reactor and membrane 
(sweep gas) sides. Ideal gas law is used to calculate the partial 
pressures on the reactor and the membrane sides. The mass and 
energy balances can be obtained at steady state as follows. 
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where Ji=0 for all components, except hydrogen and oxygen for 
which Ji is the corresponding molar permeation term depending on the 
type of membrane used. For a supported dense Pd membrane, the 
hydrogen permeation term is:11 
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For a dense perovskite oxygen permeable membrane, the oxygen 
permeation term is:12 
















 −
=

rO

mO

O

O
OO P

PT

RT

E
QJ

,

,

2

2

2

2

22
lnexp

δ
  (4) 

The set of initial value differential equations is solved using initial 
conditions to be the same as the feed conditions per tube of an 
industrial reactor described in Elnashaie and Elshishini.13 

The method given by Kunii and Levenspiel14 has been used to 
verify that the reactor is operating in the fast fluidization or the 
pneumatic transport regime. 
 
Results and Discussion 

Figure 2 shows the effect of the hydrogen permeable membrane 
on the conversion of methane in the isothermal reactor with only 
hydrogen selective membranes. The removal of hydrogen from the 
reactor side breaks the equilibrium barrier resulting in almost complete 
conversion of methane. This is achieved in a very short length of 
reactor (§���P��DV�FRPSDUHG�WR�WKH�PXFK�KLJKHU�OHQJWKV��!����P��WKDW�
are typically used for fixed bed steam reformers. 

Table 1 compares the fast-fluidized membrane steam reformer 
(FFMSR) with the industrial fixed bed and the BFBMSR. The value 
hydrogen yield per m3 of the reactor gives us a strong and direct 
indication of the improvement in the efficiency of the reactor. 

Figure 3 shows the yield of hydrogen obtained for different 
amounts of oxygen introduced into an adiabatic reformer along with 
the feed, when no oxygen permeable membranes are present. Both, 
the cases with and without hydrogen permeable membranes are 
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investigated. We find a general increase in the yield of hydrogen for 
increased oxygen in the feed. The oxygen conversion via combustion 
causes an increase in hydrogen yield due to the higher equilibrium 
yield of the endothermic reforming reaction at higher temperatures. 
The use of hydrogen permeable membrane causes further increase in 
hydrogen yield by shifting the equilibrium. 
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Figure 2.  With membrane vs. without membrane for T=900 K, 
Reactor pressure=5atm, Membrane side pressure=1atm. 

Table 1.  Comparison between FFMSR and (a) Industrial Fixed 
Bed and (b) BFBMSR 

(a) Fixed 
Bed12 FFMSR    (b) BFBMSR5 FFMSR 

XCH4  0.853 0.964    XCH4 0.419 0.582 
H2 yield per 
m3 of reactor 

27.27 246.8    
H2 yield per 
m3 of reactor 

109 302.7 
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Figure 3.  Yield of hydrogen with oxygen as part of reactor feed, 
Tinlet=1000K, Reactor pressure=5atm, Membrane side pressure=1atm. 
 

An alternate approach is to introduce oxygen through oxygen 
permeable membranes. It allows us to distribute the supply of oxygen 
along the length of the reactor and thus optimize the extent of the 
oxidation reaction so as to maximize the productivity of hydrogen. 
Figure 4 shows the results of a simulation of an adiabatic reformer 
with both hydrogen and oxygen permeable membranes. Presently the 
permeability of the available oxygen permeable membranes seems to 
be a limiting factor. It necessitates the use of a reduced reactant feed 
rate as compared to the earlier cases, and high membrane surface area 
for oxygen permeation. The use of oxygen permeable membranes 

increases the yield of hydrogen because of the higher equilibrium 
conversion at higher temperature. The use of hydrogen permeable 
membrane causes a further increase in hydrogen yield by breaking the 
thermodynamic equilibrium barrier. 

0 0.4 0.8 1.2 1.6 2
Length (m)

0

0.3

0.6

0.9

1.2

1.5

H
yd

ro
ge

n 
Y
ie

ld

No membranes
50% Perovskite and 0% Pd membranes
45% Perovskite and 5 % Pd membranes

 
Figure 4.  Yield of hydrogen vs length of reactor, Tinlet=1000K, 
Reactor pressure=5atm, Membrane side pressure=1atm. Percentage 
values denote percentage of reactor cross-sectional area occupied by 
the membrane. 
 
Nomenclature 
Ac area of cross-section of the reactor (m2) 
Ei apparent activation energy of membrane permeable to i (kJ.mol-1) 
Fi molar flowrate of species i (kmol.hr-1) 

Hj heat of reaction for reaction j (kJ.mol-1) 
Hi molar enthalpy of species i (kJ.mol-1) 
Ji permeation flux of i (kmol.hr-1.m-2) 
l length of reactor (m) 
Pi,r ,Pi,m partial pressure of species i on the reaction and membrane sides 

respectively (kPa) 
Qi pre-exponential factor in the Arrhenius relationships for permeability 

of hydrogen and oxygen (kJ.m-1.hr-1.kpa-n) 
Q rate of heat input (kJ.hr-1.m-3) 
R gas constant (8.314 kJ.kmol.-1.K-1) 
Ri rate of production of species i (kmol.hr-1) 
T temperature (K) 

i thickness of membrane (m) 
 void fraction 
c density of catalyst (kg.m-3) 
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Introduction 

Steam reforming of hydrocarbons is conventionally used in 
fuel processing to produce hydrogen.  A fuel processor is a critical 
reactor technology for the deployment of PEM-based fuel cells for 
portable, on-board, and stationary applications.  Over the past several 
years, PNNL has developed microchannel chemical reactors for fuel 
processing applications, ranging from the power required for remote 
electronic device to that for automobile applications [1,2].  In 
particular, a series of steam reforming catalysts suitable for 
microchannel reactors have been developed [3-5].  In this 
presentation, we will present methane and methanol steam reforming 
catalyst work recently developed at PNNL. 
 
Experimental 

Pd/ZnO catalysts were prepared from impregnating aqueous 
Pd(NO3) solution containing 20.19 wt% Pd  (Engelhard) onto ZnO 
powder (Aldrich, 99%) using a solution/solid ratio of 0.58 ml/g.  The 
impregnated samples were dried under vacuum at 110 oC for at least 8 
hrs prior to calcining in air.  The calcination was conducted under a 2 
oC/min ramp followed by holding isothermally at 350 oC for 3hs.     

 
Activity tests were carried out in a 4 mm I.D. quartz tube 

reactor.  Approximately 0.200 g of catalyst was loaded between two 
layers of quartz wool inside the reactor.  A thermocouple was placed 
in the middle of the catalyst bed.  A premixed 1:1wt % methanol-
water feed was introduced into the reactor by using a syringe pump.  
The feed rate was adjusted such that the reaction was conducted 
under 100 ms contact time, which is in equivalent to a standard 
GHSV of 36000 h-1.  Prior to entering the reactor, the feed was fully 
vaporized through a vaporizer, operated at 200 oC.  Prior to activity 
testings, the catalysts were reduced in-situ under a 10 % H2/N2 at 350 
oC.  A glass condenser at 0 oC was used to separate liquid products 
from gaseous products.  The product gases, CO, CO2, and H2, were 
separated using MS-5A and PPQ columns, and analyzed on-line by 
means of a Hewlett Packard Quad Micro GC (Model Q30L) equipped 
with a TCD.   
 
Results and Discussions 

Methanol and methane are two popular and readily available 
hydrocarbons.  One way to extract hydrogen from methanol or 
methane is via steam reforming reactions.  Conventionally, CuZnAl 
catalysts are used for methanol steam reforming and methane steam 
reforming catalysts are based on Ni.  Although these two types of 
catalysts are suitable for conventional fixed bed-type reactors where 
heat transfer is limiting, more active and selective catalysts are needed 
for mcirochannel reactor applications where heat and mass transfer 
advantages are exploited.   

 
 

Methanol is a unique fuel since it is sulfur-free and can be 
activated at relatively low temperature (under 300 oC).  This could be 
a significant advantage from system simplification and process heat 
recovery points of view.   We have investigated the steam reforming 
of methanol with Pd/ZnO under high throughput conditions (GHSVs 
ranging from 18,000 to 144,000 hr-1).  Pd, like other transition metals 
(Pt, Rh), exhibits high methanol decomposition activity to CO and H2.  
This is not surprising, since precious metal based catalysts typically 
exhibit different catalytic function than the Cu based catalytic 
materials.  However, when supporting the Pd on ZnO, the catalytic 
function of Pd can be greatly modified, resulting in a highly active and 
selective catalyst for methanol steam reforming, which was not found 
previously on precious metal catalysts.  Under steam reforming 
conditions, the Pd/ZnO catalyst produces mainly CO2 and H2 along 
with minimal amount of CO.  The concentration of CO in the product 
stream was found to be at least as low as what reported for the well-
studied Cu based catalyst.  Hydrogen rich stream with low CO 
content is highly desired since the electrocatalyst at the anode is 
extremely sensitive to CO poisoning at the operating temperature of 
PEM fuel cells.   
 

The methanol conversion and CO selectivity over 5, 10 and 
20 wt% Pd/ZnO catalysts are shown in Figure 1a and 1b, respectively.  
The experiments were repeated with the same catalyst, and no 
noticeable catalyst deactivation was observed.  As can be seen from 
Figure 1a and 1b that increasing Pd loading from 5 wt% to 20 wt% 
results in a 10 oC shift of the conversion profile to the lower 
temperatures.  A complete conversion of methanol can be achieved at 
around 300 oC.  The CO selectivities of these catalysts were less than 
7 % over the entire temperature range studied.  At 300 oC, this 
corresponds to a dry effluent consisting of approximately 1% CO, 
26% CO2, and 73% H2.  Of the three catalysts examined, the 20% 
Pd/ZnO catalyst exhibited the lowest CO selectivity.  In addition to 
catalytic activity studies, we also attempted to elucidate the chemical 
and physical properties of Pd/ZnO catalysts using TPR, TEM, H2 
chemisorption and XRD.  It was found that PdZn alloy formed under 
reducing environment at moderate temperatures (<300 oC).  This 
species is highly selective for the steam reforming of methanol, which 
is not normally observed on precious metal based catalysts. 
 

Methane steam reforming catalysts were also developed 
based on Rh [4].  This type of catalysts exhibited extremely high 
activity as evidenced by equilibrium conversion reached at a very high 
GHSV (as high as 1,000,000 hr-1).  Catalyst life was also evaluated 
under stoichiometric steam to carbon ratio, and no noticeable catalyst 
deactivation was observed under the conditions studied and the 
catalyst was shown to be coke resistance at low steam to carbon 
ratios. 
 
Conclusions 

A highly active and selective Pd/ZnO catalyst was 
developed for methanol steam reforming.  Complete conversion was 
achieved at 300oC with a CO concentration in the dry effluent around 
1%.  This catalyst was evaluated by various catalyst characterization 
techiniqes including TEM, TPR, chemisorption, and XRD.  It was 
found that PdZn alloy formed under reducing environment at 
moderate temperatures (<300 oC).  This species is highly selective for 
the steam reforming of methanol, which is not normally observed on 
precious metal based catalysts.   A highly active and coke resistant 
methane steam reforming catalyst was developed and its life 
performance was evaluated under low steam to carbon ratios.  
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Figure 1a and 1b.  Methanol conversion temperature profile 
under steam reforming of methanol (a) and the corresponded 
CO selectivity (b) for 5 wt% (triangle), 10 wt% (circle), and 
20 wt% Pd on ZnO (both filled and open square).  For 
20%Pd/ZnO, the conversion profiles were acquired after two 
separate reduction temperatures: reduction at 125 oC (open 
square) and after reduction at 350 oC (filled square).  All other 
catalysts were tested after reduction at 350 oC.  Reaction 

conditions: 0.1925g catalyst, 100 ms contact time or 36000 
GHSV, H2O/C = 1.8, 1 atm. 
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Introduction 

Synthesis gas is an important chemical intermediate for many 
industrial processes. The need for synthetic fuels is increasing as the 
recovery of petroleum becomes increasingly difficult and expensive. 
Synthesis gas can be converted to paraffinic liquid fuels through 
Fischer-Tropsch synthesis. It helps to reduce environmental pollution, 
as fuels from synthesis gas are heteroatom free. Catalytic partial 
oxidation of methane (POX) offers a very promising route to convert 
natural gas to synthesis gas. POX over noble metal catalysts, including 
Pt and Rh, is in great demand due to the dual application for energy 
production1 (complete combustion) and syngas production2 (partial 
oxidation in short contact time microreactors). Although a 
considerable progress has been made in development of large detailed 
gas phase reaction mechanisms, the surface chemistry is not well 
established. In addition, surface reaction mechanisms proposed so far 
suffer from the disadvantage of violating thermodynamic consistency, 
lacking important reaction paths and surface coverage-dependent 
kinetic parameters.  

In this work, an elementary surface reaction mechanism of 
methane oxidation is used, which is derived using a unique 
combination of surface science experiments, semi-empirical thermo 
chemistry calculations, and mathematical optimization. The ability of 
predicting experimental data over a wide range of operating 
conditions will be demonstrated. As an example, quantitative 
predictions of experimental data on fuel conversion vs. surface 
temperature, and selectivities to syngas will be shown.  

 
Chemistry 

Below we discuss the prominent features of our chemistry 
modeling. 
 Gas-phase Chemistry. The GRI 3.0 mechanism has been 
employed for gas phase chemistry3. This mechanism consists of 53 
species and 325 chemical reactions. It is associated with a 
thermodynamic database as well as a transport database and is in the 
CHEMKIN format. This mechanism has been extensively validated 
against experimental data over a wide range of operating conditions 
and various types of experiments and is used without modifications. 
 Surface Chemistry. We have developed a C1 reaction 
mechanism for CH4 oxidation on platinum consisting of 10 species 
among 62 surface reactions4. The surface reaction mechanism 
developed involves adsorption and desorption of reactants and 
intermediate species, pyrolytic hydrogen abstraction from CHx 
species, oxygen-assisted and hydroxyl-assisted hydrogen abstraction 
from CHx species as well as complete oxidation mechanisms of H2 and 
CO on platinum5,6. The activation energies of the surface reactions are 
computed using the semi-empirical Bond Order Conservation (BOC), 
also known as Unity Bond Index Quadratic Exponential Potential 
(UBI-QEP) technique7 that enables us to include the coverage 
dependence of activation energies in a systematic way. The entire 
BOC formulism has been incorporated within the SURFACE 

CHEMKIN Library itself for the first time to provide flexibility, 
clarity, and ease of use. Thermodynamic consistency is ensured, by 
using BOC for the calculations of activation energies.  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1.  Selected energy diagrams for methane decomposition on 
Pt. The pyrolysis mechanism and oxygen-assisted mechanism are 
compared in terms of energetics at the zero coverage limit. 
  
 An example of reaction paths of the decomposition of methane 
on Pt is shown in Figure 1. In contrast to the previous assumption that 
methane decomposes in a simple step2, CH4 → C + 4H, our energetics 
indicate that the rate determining step is the second or third hydrogen 
abstraction. Furthermore, in the presence of oxygen, lower activation 
energy paths will be preferred. The implications of these multiple 
reaction paths are that a change in the dominant path with 
composition as well as with operating conditions (e.g., prior and after 
ignition) have been observed in our simulations. Thus, the description 
of the all paths is essential to correctly describe both the entrance 
(prior to ignition) and main reactor zone (after ignition) of a monolith. 
 
Numerics 
 In the case of steady state calculations, Newton’s method and 
parametric arc-length continuation method are employed, whereas 
unsteady state simulations are carried out using the first order 
ordinary differential equation solver LSODA. 
 
Reactor Scale Models 
 Depending on the reactor modeled, different reactor scale models 
have been implemented. Examples include a catalytic thin film plug 
flow reactor (PFR), a perfectly mixed fluidized bed reactor, a 

Pyrolysis 

Oxygen-assisted path 
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temperature programmed desorption (TPD) model, and a catalytic 
stagnation flow micro-reactor.  
 
Prediction of Conversion and Selectivity Data at Atmospheric 
Pressure 
 This section discusses the validation of the surface reaction 
mechanism by comparing with available experimental data in a 
fluidized bed reactor. In particular, Bharadwaj and Schmidt have 
carried out conversion and selectivity measurements as a function of 
operating temperature in a fluidized bed reactor with Pt-coated Al2O3 
beads8. Figure 2 shows experimental as well as predicted methane 
conversion and selectivity to syngas for a mixture of 29.5% methane 
in air and conditions indicated in the figure caption. 

Figure 2.  Comparison of predicted conversion and selectivity to 
syngas with experimental data of Bharadwaj and Schmidt. 
 
  The experiments have been conducted in a fluidized bed and the 
simulations using a catalytic CSTR, with an area per unit volume ratio 
of 15000 cm-1 and a residence time of 0.18 s. No optimization has 
been done for the reaction mechanism. Internal mass transfer 
limitations are not considered to be important. The concentration of 
OH, which is a main indicator of the role of gas phase chemistry, is 
very low (<10-13) in this range. The negligible role of gas phase 
chemistry under these conditions has been further validated by 
excluding the gas phase chemistry from our calculations. The 
predicted data matches fairly well the experimental data except at 
lower temperatures, where the model underpredicts conversion as 
well as selectivities. Future work will address this last issue (see also 
below). 
 
Surface Chemistry Optimization 

  From the preliminary simulations, we have observed fairly good 
agreement with available experimental data (see Figure 2). However, 
parameter optimization is necessary to accurately capture 
experimental data and have a reliable mechanism that can be used for 
reactor design. To accomplish the aim of optimizing the surface 
chemistry, we have concentrated on the ultra-high vacuum (UHV) 
conditions also where external mass transfer and heat effects are 
negligible. Developing a mechanism that is a valid over a wide range 
of pressure (pressure gap) is also important from a reactor design 
point of view, as most experiments have been conducted at relatively 
low pressures compared to the industrially desirable conditions. 

Results from these optimization studies along with illustration of the 
dominant reaction paths in syngas formation will be discussed. 

 
Conclusion 

A thermodynamically consistent detailed surface reaction 
mechanism with coverage-dependent activation energies and heats of 
reactions has been developed for methane oxidation simulations. 
Experimental data from literature are well captured by the proposed 
reaction mechanism.  
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Introduction 

The gradual shortage of oil reserves has created 
considerable interest in using alternative source of energies, which 
are renewable in nature. As we enter the 21st century, new, clean 
burning, renewable fuels may revolutionize the energy industry. 
The renewable energy technologies (RET) of the European 
commission have the target of doubling their contribution from the 
present 5.6% to about 12% in the future1.  Amongst all the 
renewable energy sources, biomass represents high potential and 
will play a vital role in the near future. Two approaches, namely 
pyrolysis and gasification of biomass, have been attempted to 
convert biomass into a useful form of energy2,5. The pyrolysis 
process is generally carried out by subjecting the biomass to a high 
temperature under an inert or oxygen deficient atmosphere. In the 
past, biomass was used for the production of hydrogen and medium 
Btu gas6. Extensive studies have been done on pyrolysis of 
cellulose, wood and biomass materials7-12. Waste biomass materials 
such as Kraft and Alcell lignins have been converted to hydrogen 
and medium Btu gas by steam gasification6,13,14.  

The fast pyrolysis process of biomass generally gives three 
products viz. gas, biomass-derived oil  and char. The bio-oil thus 
produced contains unsaturated hydrocarbons and is thus highly 
unstable. This biomass-derived oil (BDO) has found a variety of 
applications in various areas. Unlike fossil fuels, BDO is 
renewable, cleanly burns, and is greenhouse gas neutral. It does not 
produce any SOx (sulfur dioxide) emission during combustion and 
produces approximately half the NOx (nitrogen oxide) emission in 
comparison with fossil fuels. Therefore, it is a potential raw 
material for renewable fuel and can be used as a fuel oil substitute1-

3. However, several challenges are identified in bio-oil applications 
resulting from their properties. Extensive research on analyzing 
physical properties has been carried out earlier15-20. Rick and Vix 
have reviewed on product standards of BDO21. Most of the BDO 
are polar, viscous and corrosive, and contains 40-50 % oxygen. 
They have a high water content that is detrimental for ignition. 
Soltes and Lyn reported that most of the pyrolytic oils quickly form 
a solid mass when exposed to air4. Therefore, they can’t be used as 
such as conventional fuel5. The conversion is due to the presence of 
organic acids in the oils. Over time, reactivity of some components 
in the oils leads to formation of larger molecules that result in high 
viscosity and in slower combustion4. Diebold and Czernik 
developed additives to stabilize the viscosity of biocrude during 
long-term storage, which demonstrated the ability to drastically 
reduce its aging rate, defined by the increase in viscosity with 
time22. 
 Some research has been done on catalytic upgradation of 
BDO14,23,24. The product gas consisted of H2 CO, CO2. CH4, C2-C4, 
higher hydrocarbons. The BDO has been converted to hydrogen via 

catalytic steam reforming followed by a shift conversion step25,26. 
The hydrogen yield was as high as 85%. Baker & Elliott have 
reported the catalytic upgrading of BDO produced at high-pressure 
conditions27. The yield of gasoline range hydrocarbons was 60-
90%. The bio-oil thus produced contained unsaturated 
hydrocarbons and was highly unstable. An attempt has been made 
in this research to produce clean fuels including hydrogen, high Btu 
gaseous fuel and synthesis gas by pyrolysis of BDO in the absence 
of a catalyst. In this work, the reactor temperature and inert gas 
flow rate were varied from 650 to 800 0C, and from 18 to 54 
ml/min, respectively. In all experiments, the BDO flow rate was 
maintained at 4.5-5.5 g/h.  
 

 
Table 1.  Properties of Biomass and BDO 

Biomass 
Feedstock 

Pine/ 
Spruce 
 100% 
wood33 

Pine/ 
Spruce 
53% 
Wood 
47% bark 
33 

Bagasse 
33 

 

BDO 
(used in 
the 
present 
study) 

Moisture, 
wt.% 
Ash 
Content, 
wt.% 
Bio-oil 
PH 
Water 
Content, 
wt.% 
Lignin 
Content, 
wt.% 
Solids 
Content, 
wt.% 
Ash 
content, 
wt.% 
Density, 
g/cc @20oC 
Calorific 
Value, 
MJ/kg 
Kinematic 
Viscosity  
cSt @20oC 
cSt @40oC 
cSt @80oC 
 

2.4 
 
0.42  
 
 
 
2.3 
23.3  
 
 
24.7  
 
 
< 0.10  
 
 
< 0.02 
 
 
1.20 
 
16.6  
 
 
 
 
73  
- 
4.3 
 

3.5 
 
2.6 
 
 
 
2.4 
23.4 
 
 
24.9 
 
 
< 0.10 
 
 
< 0.02 
 
 
1.19 
 
16.4 
 
 
 
 
78 
- 
4.4 
 

2.1 
 
2.9 
 
 
 
2.6 
20.8 
 
 
23.5 
 
 
< 0.10 
 
 
< 0.02 
 
 
1.20 
 
15.4 
 
 
 
 
57 
- 
4.0 
 

- 
- 
 
 
 
 
2.5 
21.5 
 
 
25.0 
 
 
- 
 
 
0.16-
0.18 
 
1.18-
1.24 
17.5-
19.1 
 
 
 
110 
45.6 
- 
 

 
Experimental 
 Biomass-derived oil was obtained from DynaMotive, which 
was produced from Asphene wood materials using a patented 
technology28.  On an average, 1 kg (dry) of biomass produces 0.75 
kg of oil, 0.1 kg of char and 0.15 kg of gas29. Biomass derived oil is 
a liquid mixture of oxygenated compounds containing various 
chemical functional groups such as carbonyl, carboxyl and 
phenolic30,31. Biomass derived oil is made up of the following 
constituents: 20-25 % water, 25-30% water insoluble pyrolytic 
lignin, 5-12 % organic acids, 5-10% non polar hydrocarbons, 5-
10% anhydrosugars and 10-25 % other oxygenated compounds31. 
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Product Gas Analysis. It may be noted that the reactor had a long 
preheating section. Thus, there was sufficient time for the BDO to 
achieve desired temperature in the reactor to crack and to produce 
gas, coke and liquid. The amount of the product gas was measured 
for each experiment, and was analyzed for its compositions using 
two GCs (Carle GC-500 series and HP5890). The HP5890 GC was 
equipped with a thermal conductivity detector and Carbosive S II 
column and analyzed H2, CO, CO2 and CH4 where as the Carle 
GC, equipped with a flame ionization detector and combination of 
packed and capillary columns (Stable wax), analyzed 
hydrocarbons. Temperature programming of the oven was used in 
this case for analysis of the product gas.    

The water includes those present in the wood 5-8% (see Table 1) as 
well as that is produced during the pyrolysis. Elemental analysis 
showed that the biomass-derived oil contained 43.6 wt % C, 8 wt. 
% H, 0.5 wt % N, and 47.9 wt% was O (obtained by difference).  
The viscosity of the fresh biomass-derived oil at 25 0C was 8x10-2 
pa.s, which increased slowly upon storage32.  
Experimental Procedure. The experimental set-up used in our 
research consisted of an Inconel tubular continuous down flow 
micro reactor (12.7 mm i.d. and 200 mm long, placed co axially in 
the furnace). The reactor contained quartz chips (used for better 
temperature distribution and to avoid high pressure drop in the 
reactor) through which desired flow of an inert gas such as nitrogen 
was maintained through a Brooks mass flow controller (Model 
0152/0154). The reactor temperature was controlled using a 
temperature controller using a thermocouple attached to the outer 
wall of the reactor and connected to the temperature controller. The 
temperature was measured by placing a thermocouple at the center 
of the quartz bed. A schematic diagram of the experimental set up 
used for the pyrolysis of BDO is shown in Figure 1.  In this study, 

the reactor temperature was varied in the range of 650 to 800 oC 
where as the carrier gas flow rate was varied from 18 to 54 mL/min 
(STP). Biomass-derived oil was introduced at a predetermined rate 
using a micro metering syringe pump (Eldex, model  A-60-S) at the 
rate of 4.5-5.5 ml/hr through a specially designed nozzle, which 
helped to spray liquids into the reactor along with the inert gas. 
Each experiment was performed at atmospheric pressure only for a 
period of 30-45 min, depending upon the operating conditions. In 
most cases, the run was terminated after 30 minute of operation. At 
the end of the run, the pump and the heating of furnace were shut 
off and the reactor was cooled down to the ambient temperature. 
The reactor was then removed from the reaction system and was 
weighed to determine the amount of coke formed. The product gas 
was cooled with a water-cooled heat exchanger and then with an 
ice-salt bath (to liquefy the condensable) before it was collected 
over saturated brine solution. The condensed liquid product was 
retained in a trap cooled by an ice-salt mixture and weighed. After 
each run, the mass of the gas, char and condensed liquid were 
calculated for bio oil conversion and mass balance. 

Results and Discussion 
     The properties of BDO used in our study are compared to those 
reported in literature (see Table 1). The data in Table 1 indicate 
that the properties of BDO are quite comparable to those obtained 
from other sources. In this investigation the effects of reactor 
temperature and the nitrogen flow rate on the BDO conversion and 
product gas composition was studied. The material balance for each 
experiment was found to be between 92-98wt.%.  

Effect of Nitrogen Flow Rate. The effects of nitrogen flow rate 
(18 to 54 mL(STP)/min) on the conversion of BDO, product gas 
yield and its composition have been studied at constant pyrolysis 
temperature of 800 0C and contact BDO flow rate of 4.5 mL/h and 
the results are shown in Figure 2.   
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Figure 2 Effects of carrier (nitrogen) gas flow rate on conversion of 

BDO and volume of gas produced during pyrolysis of BDO at 800 0C 
and BDO flow rate of 4.5 mL/h 

 
     By varying nitrogen flow rate from 20 to 30mL/min, the 
conversion of BDO to gas and char was increased from 75 to 
83wt.%.  The increased conversion of BDO may be due to the 
increased heat and mass transfer caused due to the turbulences 
created by the higher flow rate of nitrogen. Beyond nitrogen flow 
rate of 30mL/min, the conversion of BDO was ~ 83wt.% and did 
not change with respect to nitrogen flow.  It was also observed that 
with the increase in flow rate of nitrogen, the amount of gaseous 
product was increased.  For example, the volume of product gas 
was increased from 900 to 1780 ml by changing the nitrogen flow 
rate from 18 to 54 ml/min i.e., from 100 grams of BDO, 39 l and 65 
l of product gas were obtained at N2 flow rates of 18 and 54 
ml/min, respectively.  Higher gas yield at higher nitrogen flow 
could be due to higher syn gas production, which is explained 
below. Figure 1: Schematic diagram of experimental setup for pyrolysis of 

BDO.      The effect of nitrogen flow rate on product gas composition was 
also evaluated and is shown in Figure 3. It is observed that the 
production of hydrogen remained approximately constant with the 
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increase in nitrogen flow rate from 18 to 45 mL/min. However, 
there is a sharp increase in the hydrogen production with further 
increase in nitrogen flow rate. The formation of methane was high 
30 mol% at lower nitrogen flow rate of 20 mL/min. Higher 
residence time due to low flow rate of nitrogen is responsible for 
cracking of BDO producing more methane. At higher flow rate (42-
54 mL/min) of N2, the concentration of   methane was low (~20-24 
mol%). At 800 0C methane could react due to partial oxidation and 
combustion producing more hydrogen. CO gas yield was increased 
when the nitrogen flow was increased from 18 to 54 ml and 
reached maximum for N2 flow of 42 – 50 mL/min. This may be 
due to the reaction of CO2 with carbonaceous material producing 
more CO. The total amount of synthesis gas (hydrogen and CO) 
also increased from 22 to 65 mol% as nitrogen flow increased from 
18 to 54 mL/min. The effect of nitrogen flow rate on the production 
of other gases such as ethane and higher hydrocarbons was not very 
significant.   

Table 2.  The Effects of N2 Flow Rate on Total Olefin 
Production and its Distribution at a Reaction Temperature of 

800 0C 
 

Nitroge
n flow 

C2H4, 
mol% 

C3H6, 
mol% 

HigherC3H6
Olefins, 
mol% 

Total olefins, 
mol% 

18 31.5 3.8 3.6 38.9 
30 31.1 3.1 9.0 43.2 
42 18.4 2.4 7.1 27.9 
54 6.9 0.1 4.4 11.4 

The effect of nitrogen flow at 800 0C on the heating value of 
product gas is shown in Figure 4. Due to optimum production of 
hydrocarbons at a nitrogen flow rate of 30mL/min and 800 0C, the 
heating value of gas was high (1738 Btu/SCF). At these conditions, 
the conversions of bio-oil and olefin yield were as high as 83 wt.% 
and 43mol%, respectively. However, the syn gas yield of 65mol % 
was optimum at nitrogen flow rate of 54mL/min at 800 0C (See 
Figure 3). 
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  Figure 3. Effects of carrier (nitrogen) gas flow rate on product gas 
composition  for pyrolysis  of BDO at 800 0C and BDO flow rate 
of 4.5 ml/h                  

 
Figure 4. Effects of carrier (nitrogen) gas flow rate on total heating 
value of produt gas during pyrolysis of BDO at 800 0C  

The effects of N2 flow rate on total olefin production and its 
distribution are shown in Figure 3 and Table 2, respectively. The 
production of olefins (mostly ethylene and propylene) initially after 
showing a slight increasing trend followed a decreasing pattern 
with nitrogen flow rate (see Figure 3). The olefin content of 
approximately ~ 43mol% was obtained corresponding to a nitrogen 
flow rate of 30mL/min (see Table 2).  Probably at lower N2 flow 
rate (20-30 mL/min) BDO had higher residence time for cracking 
and thus producing more olefins. At higher flow rate (42-54 
mL/min) of N2, the concentration of olefins was lower (~10-25 
mol%) where as syn gas formation was higher.  

Effects of temperature. The effects of temperature (650-800 0C) 
on the conversion of bio-oil, gas yield and its composition have 
been studied keeping nitrogen and bio-oil flow rates constant, 
respectively, at 30mL/min and 4.5g/h. Effects of temperature on 
conversion of BDO and volume of gas produced are shown in 
Figure 5. The results show that as the temperature is increased 
from 650 to 800 0C, the conversion of bio-oil to gas and char is 
increased from 57 to 83 wt. %. Also, as expected, the production of 
gas is increased with temperature. For example, the product gas 
volumes obtained at 650 and 750 0C were 730 and 1020 mL, 
respectively. This corresponds to the fact that from 100 grams of 
BDO, 26 l to 45 l of gas could be produced with increase in 
temperature from 650 to 750 0C at constant N2 flow rate of 30 
mL/min. However, beyond this temperature, its effect on the gas 
production was negligible. 
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Table 3.  The Composition Data as a Function on Temperature at 
Nitrogen Flow Rate of 30 mL/min 

 

Temp., 
0C 

H2, 
mol
% 

CO, 
mol
% 

CO2, 
mol
% 

CH4, 
mol% 

C2H6, 
mol% 

C3H8, 
mol% 

Total 
olefin, 
mol% 

Total 

650 12.8 17.0 2.5 19.2 7.2 0.9 40.3 99.9 

700 16.3 9.2 3.4 21.6 7.2 1.1 41.2 99.8 

750 9.3 6.5 2.1 23.2 9.0 1.3 48.5 99.9 

800 12.8 7.7 2.6 27.4 5.5 0.6 43.2 99.8 
 
 
The effects of temperature on the product gas composition and 
olefins formed from BDO are given in Table 3. It is also evident 
from data in this table that the production of maximum olefins is 
at 48.5 mol% at 750 0C.  The methane concentration increases 
from 19.2 to 27.4 mol% as the temperature increases from 650 to 
7500C. Thus it is possible to produce a gas stream having an olefin 
content of as high as ~48-mol % from BDO. The results also show 
that the concentration of CO2, C2, C3   paraffin do not change with 
temperature. 

 
 
Figure 6. Effects of temperature on heating value of product gas 
for pyrolysis of BDO at nitrogen flow rate of 30 mL/min. 

The effects of reaction temperature on the olefins composition are 
shown in Table 4. The effects of reaction temperature on the 
heating value and energy content of the gas produced at nitrogen 
flow rate of 30 mL/min are shown in Figure 6. The results indicate 
that the heating value of the product gas was increased from 1300 
to 1700 Btu/SCF with increase in temperature from 700 to 800 0C. 
This could be due to increase in methane concentration from 19 to 
27 mol % in the product gas.   
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Table 4.  Effects of Temperature on Distribution Olefins 
Formed During the Pyrolysis of BDO at a Nitrogen Flow Rate 

of 30 mL/min and BDO Flow Rate of 4.5 –5.5 mL/h 
 

Temperature 
0C 

C2H4,  
mol% 

C3H6,  
mol% 

Higher 
C3H6Olefins, 

mol% 

Total 
olefins, 
 mol% 

650 20.8 9.4 10.1 40.3 
700 23.0 9.1 9.1 41.2 
750 26.4 10.2 12.0 48.6 
800 31.1 3.1 9.0 43.2 

 It is observed that the concentration of olefins (of which 60-70 mol 
% is ethylene) is varied in a range of 40 to 48mol % in the product 
gas with increase in temperature from 700 to 800 0C. However, syn 
gas production is decreased by 20 mol % in spite of higher 
production of hydrogen with the temperature increase. The increase 
in hydrogen production with increased temperature occurred 
probably because at high temperatures pyrolysis of the BDO sub-
units, which evolved more hydrogen.  

Figure 5. Effects of temperature on conversion of BDO and 
volume of gas produced during pyrolysis of BDO at a nitrogen flow 
rate of 30 mL (STP)/min 
 
 Conclusions 

     The present study identifies the pyrolysis of biomass-derived 
oil as a source of gaseous fuel.  In this process, the product gases 
essentially consisted of H2, CO, CO2, CH4, C2H4, C2H6, C3H8, and 
C4

+ components. This process can be utilized for producing 
hydrocarbons and synthesis gas for various applications.  By 
adjusting the parameters such as inert gas flow rate and reactor 
temperature, the composition of the product gas from biomass-
derived oil can be tuned in the desired direction. The conversion of 
biomass-derived oil at a flow rate of 4.5 – 5.5 g/h could be 
increased from 57 to 83 wt.% due to increasing the reactor 
temperature from 650 to 800 OC at a nitrogen flow rate of 30 
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mL/min. At 800 0C and nitrogen flow rate of 30 mL/min, 
composition of various product gas components ranged between: 
Syn gas 16-30 mol %, CH4 19-27 mol % and C2H4  23-31 mol %.  
A large amount of total product gas was obtained from BDO at 800 
0C and N2 flow rate of 30 mL/min.  Heating values ranged between 
1300 – 1700 Btu/SCF.  Thus, the present study shows that there is a 
strong potential for making syn gas, methane, ethylene and high 
heating value gas from the pyrolysis of biomass-derived oil.  
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Introduction 
Partial oxidation of CH4 to syngas has been a hotspot of 

research for the advantages comparing to steam reforming process, 
such as low H2/CO ratio (≈2), more energy-efficient, and high 
CH4 conversion and selectivities to CO and H2 with smaller reactor 
and short contact time (≤10-2s), etc 1-3. Many metal catalysts have 
been studied, such as supported Rh, Pt, Pd, Ru, Re, Ir, Ni, Fe and 
Co, etc. The supported noble Rh catalyst exhibits excellent activity 
and selectivity 4, but its price is too expensive. The supported Ni 
catalysts have similar performance with supported Rh, and the 
price of Ni is far lower than that of Rh. So the studies on supported 
Ni catalyst have attracted a great number of researchers 5-14.  

About the reaction mechanism, some authors 15,16-18 pointed 
out that partial oxidation of CH4 to syngas proceeds via indirect 
oxidation mechanism, namely: complete combustion of CH4 to 
CO2 and H2O and subsequently reforming reaction of the residual 
CH4 with CO2 and H2O to CO and H2. However, other authors 
9,19,20,21 claimed that the reaction proceeds via direct oxidation 
mechanism: H2 is from the decomposition of CH4 and CO is the 
product of the reaction between surface carbon species and surface 
oxygen species.  

Our work 22 on the reaction over a Ni/Al2O3 catalyst supports 
direct oxidation mechanism. CH4 firstly decomposes on active 
metal Ni sites to H2 and NixC, and then NixC reacts with NiO 
formed by oxidation of metallic Ni by O2 to CO or CO2 depending 
on the concentration of NiO around NixC. Steady and non-steady 
state isotopic transient experiments showed that most of CO2 
during the reaction is from the surface reaction between NixC and 
NiO, not from disproportionation of CO or further oxidation of CO 
23. This also proves the mechanism we suggested.  

Furthermore, metal Ni is active sites of the Ni/Al2O3 catalyst. 
So the catalyst must be kept in reduced state, or the reaction 
mechanism will change and the conversion of CH4 and the 
selectivities to H2 and CO will be very low for CH4 can’t 
decompose on NiO 24. 

In this paper, the Ni/Al2O3 catalyst was evaluated and the 
effects of temperature and space velocity were investigated with 
on-line chromatography analysis. In addition, 
temperature-programmed technique was used to investigate the 
change of the catalyst surface state during the reaction at different 
temperature and its influence on the conversion and selectivities.  

Experimental 

The preparation of the 8%(mol,
AlNi

Ni
+

) Ni/Al2O3 catalyst 

has been depicted elsewhere 22,24. The granularity range is 
0.30-0.45mm to eliminate the effect of inner diffusion. The BET 
surface area and the dispersion of Ni measured by ASAP2010 are 
280m2/g and about 5%, respectively.  

The reactor for catalyst evaluation is a quartz tube with inner 
diameter 12mm. 450mg catalyst was placed in the middle and the 
other space of the reactor was filled with 0.45~0.9mm quartz sand. 
Before reaction the catalyst was reduced with pure H2 at 700oC for 
4h. The products were analyzed with on-line gas chromatography 
(GC) (HP5890). The analysis method called Double-column in 
Series Analysis was developed by Zhang et al 25, which permits to 

analyze all the effluents in partial oxidation of CH4 to syngas with 
once sample injection.  

The apparatus for temperature-programmed experiments has 
been introduced in the reference 22,24. All experiments were carried 
out in a fixed bed quartz micro-reactor with inner diameter 5.5mm 
at atmospheric pressure, and the total flow rate was 30mL/min. For 
TPO (temperature-programmed oxidation) and TPR 
(temperature-programmed reduction), 200mg catalyst was used. 
For the other experiments, only 30mg catalyst was used. The 
effluents of the reactor were monitored by a quadrupole mass 
spectrometer (MS) (AMTEK QuadLink 1000) with the minimum 
dwell time of 3 milli-seconds. 

Results and Discussion 
Evaluation of the Ni/Al2O3 catalyst under different 

temperature and space velocity The performance of the catalyst 
for partial oxidation of CH4 to syngas was investigated at 600oC, 
700oC, and 800oC with different space velocity 53.3 h-1, 65.2 h-1, 
77.0h-1, respectively. After the reaction had proceeded for 1h over 
the catalyst pre-reduced for 4h at 700oC, we sampled and analyzed 
the products with on-line GC. The results of conversion and 
selectivity were listed in table 1. The conversion of CH4 is all more 
than 80％ except for at 600oC and 53.3h-1, and even more than 90
％ at 800oC. Apparently, high temperature is favorable for CH4 
conversion. The selectivities to H2 are in the range of 94.8% to 
97%, very high at all the conditions. At higher space velocity, the 
selectivity to CO may exceed 90% at or above 700oC. At 800oC 
and 77h-1, the selectivity to CO is 95.2％, approaches 96％ the 
thermodynamic equilibrium value at the temperature 16. Obviously, 
the catalyst exhibits very good performance. Zhang 26 gave even 
better results: the conversion of CH4 95.6%, the selectivity to H2 
99.7%, and to CO 94.5%. These show that Ni base catalyst is the 
most promising one for partial oxidation of CH4.  

 
Table1. Results of partial oxidation of CH4 over the catalyst 

T 
(oC) 

Space 
velocity 

(h-1, wt/wt) 

Conversion 
of CH4 

(％) 

Selectivity 
to CO 
(％) 

Selectivity 
to H2 
(％) 

53.3 79.2 82.6 94.9 
65.2 81.1 85.4 94.8 

 
600 

77.0 83.9 87.2 95.9 
53.3 84.6 89.3 95.4 
65.2 85.8 90.5 95.5 

 
700 

77.0 87.2 91.1 96.3 
53.3 89.7 94.3 96.3 
65.2 91.0 94.8 96.8 

 
800 

77.0 91.7 95.2 97.0 
 

Based on the results listed in Table 1, temperature and space 
velocity affect the results significantly. At the same space velocity, 
the conversion of CH4 and the selectivities to H2 and CO all 
increase with temperature. From 600oC to 800oC, at space velocity 
53.3h-1 they increase 10.5, 1.4, and 11.7 percentage points, 
respectively. At 77.0h-1, however, they increase 7.8, 1.1, and 8.0 
percentage points, respectively. Obviously, at low space velocity 
both the conversion and the selectivities are more sensitive to 
temperature, and the selectivity to H2 is more inert to temperature. 
Furthermore, the conversion of CH4 and the selectivities to H2 and 
CO all increase with space velocity, too. At 600oC, they increase 
4.7, 1.0, and 4.6 percentage points from 53.3h-1 to 77.0h-1, 
respectively. However, at 800oC they increase only 2.0, 0.7, and 0.9 
percentage points, respectively. So at low temperature they are 
sensitive to space velocity. Similarly, the selectivity to H2 is 
insensitive to space velocity. 

Temperature-programmed decomposition of CH4 and 
temperature-programmed partial oxidation of CH4 from 510oC 
to 800oC Temperature-programmed decomposition of CH4 
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proceeded in pure CH4 with the rate of 25oC/min over the catalyst 
that had been reduced in pure H2 at 700oC for 4h. The results were 
shown in figure 1. When temperature increases to 330oC, that the 
intensities of CH4 and H2 begin to decrease and increase 
respectively shows that CH4 can decompose at the temperature. 
Between 330oC and 490oC, CH4 decomposed is only a little. When 
temperature exceeds 490oC, CH4 can decompose quickly and a 
large quantity of H2 is produced. With Ni on the surface of the 
catalyst converting to NixC 18, CH4 stops to decompose gradually. 

 

 

 

 

 

 

 

 

 
 
 
Figure 1. Curve for temperature programmed decomposition of 
CH4 over the Ni/Al2O3 catalyst. 
 
 
 
 
 
 
 
 
 
 
 
 
 

 

 

Figure 2. Curves for temperature-programmed partial oxidization 
of CH4 from 500oC to 800oC over the Ni/Al2O3 catalyst reduced. 

 

The catalyst was reduced firstly with pure H2 for 4h at 700oC. 
In pure Ar, temperature was decreased to about 510oC, and then the 
atmosphere was switched from Ar to 2/1 (mol/mol) CH4/O2. After 
the switch, partial oxidation of CH4 happens immediately. During 
the reaction, O2 is consumed completely 15,26,27, and the conversion 
of CH4 and the selectivities to H2 and CO are changing with 
temperature. In figure 2, even at 510oC, the main products are H2 
and CO, but the conversion of CH4 is very low (about 30%), and 
the selectivities to H2 and CO are all not high (about 80% and 75%, 
respectively). With the increase of temperature, the conversion of 
CH4 and the selectivities to H2 and CO all increases gradually. At 
800oC, the conversion of CH4 and the selectivities to H2 and CO 
are about 90%, 95% and 93%, consistent basically to that of 
catalyst evaluation. 

The results of catalyst evaluation and Figure 2 show that high 
temperature and high space velocity are all favorable for the 
conversion of CH4 and the selectivities to CO and H2. According to 
the mechanism we suggested, the decomposition of CH4 over metal 
Ni sites to H2 and NixC is the precondition of the reaction 22. In 

figure 2, No O2 is detected during the process no matter how much 
the conversion of CH4 is. As indicates that the conversion of CH4 
and the selectivities to H2 and CO are dependent on the rate of CH4 
decomposition. High temperature can quicken the decomposition 
of CH4 (figure 1), so the conversion of CH4 increases with 
temperature. For CO and CO2 are from the reactions between NixC 
and NiO on the catalyst surface 22,  

CONixNiOCNix ++→+ )1(  

2)2(2 CONixNiOCNix ++→+  
and O2 is consumed completely. If the conversion of CH4 is lower, 
CO2 is easier to be produced due to more NiO and less NixC on the 
catalyst surface. Therefore the selectivity to CO will be affected by 
the conversion of CH4 seriously. H2, however, is the product of 
CH4 decomposition. The adsorption of H2 on the catalyst is very 
weak at high temperature. Although more NiO on the catalyst 
surface will promote the reaction  

200 300 400 500 600 700
0.00

1.00

2.00

3.00

4.00

5.00

6.00

H2

CH4

 

 

P /
10

5 , P
a

T, oC

NiOHNiOH ad +→+ 2)(2  

to produce H2O, the temperature effect on the selectivity to H2 is 
very weak. 

Partial oxidation of CH4 is a mild exothermic reaction, 

COHOCH +→+ 224 2
2
1

 

molkJH o
K /7.35298 −=∆  

To enhance space velocity, the heat released per catalyst surface 
will increase. Although temperature of the catalyst bed is 
controlled, the increase of inner surface temperature of the catalyst 
granules is inevitable. It’s obvious that enhancing space velocity is 
indirectly increasing the temperature. So the effect of space 
velocity on the reaction is similar to that of temperature. 
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Figure 3. Curves for temperature-programmed reaction of partial 
oxidation of methane over the reduced Ni/Al2O3 catalyst under 
30mL/min 2/1(mol/mol) CH4/O2 from room temperature to 800oC. 
Shut off O2 for a few min and reopening at 800oC. 

 

Transformation of the catalyst surface state during 
temperature-programmed partial oxidation of CH4 If the other 
conditions were the same as that of Figure 2 and 
temperature-programmed partial oxidation of CH4 began from 
room temperature, the results are absolutely different from Figure 
2. At about 430oC, CO2 and H2O are produced (Figure 3). When 
temperature increases to about 600oC, CO and H2 appear. The 
intensities of these products increase with temperature. At 700oC, 
the conversions of CH4 and the selectivities to H2 and CO are about 
8%, and 75%, 40% respectively, far lower than that in Figure 2. O2 
is not consumed completely here. 

Continue to increase the temperature, when it exceeds 750 oC, 
the intensity of H2 goes up quickly with temperature and O2 is 
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consumed completely. Thereafter the intensity of CO also ascends 
rapidly. At 800 oC, the conversion of CH4 and the selectivities to H2 
and CO reach or exceeds 90％. We closed O2 for a while then 
reopened. It is can be seen that no evident change in the conversion 
of CH4 and the selectivities to H2 and CO happens before O2 mass 
flow controller was closed and after it was reopened. 

TPO and TPR of the catalyst show that the catalyst begins to 
be oxidized from about 250oC and the rate of oxidization is 
quickened with the increase of temperature, however, reducing the 
catalyst needs higher than 650oC. So the catalyst is easy to be 
oxidized and difficult to be reduced. In figure 1, CH4 begins to 
decompose at 330oC. Thereby, if temperature-programmed partial 
oxidation of CH4 begins from the temperature CH4 can’t 
decomposes rapidly, the catalyst surface will be oxidized. CH4 
can’t decompose on the oxidized catalyst. We have discussed the 
effect of surface state and adsorbed oxygen on partial oxidation of 
CH4 to syngas 24. At or below 700oC, if the catalyst surface is 
oxidized, O2 will not be able to be consumed completely and a 
certain amount of reversibly adsorbed oxygen will exist on the 
catalyst surface. Non-selective oxidation between CH4 and 
reversibly adsorbed oxygen with high oxidation activity 28 occurs 
via Rideal-Eley mechanism, and both the conversion of reactants 
and the selectivities to H2 and CO are very low. 

With the increase of temperature, the reaction rate between 
CH4 and adsorbed oxygen quickens. When temperature increases 
to around 750oC, O2 is consumed completely, as can be seen 
clearly in figure 3. Then NiO on the catalyst surface has the chance 
to be reduced by hydrogen produced and metal Ni sites that are 
necessary for CH4 decomposition form. Thereupon, CH4 begins to 
decompose and the reaction mechanism changes to direct oxidation 
mechanism. Thus, when we closed O2 for a while and then re-open, 
the conversion of CH4 and the selectivities to H2 and CO are 
almost unchanged for the catalyst surface has been reduced. 
Therefore, during partial oxidation of CH4, the catalyst must be 
maintained in the reduced state, and CH4 can react with O2 via 
direct oxidation mechanism with high conversion and selectivity. 

If partial oxidation of CH4 proceeds at the temperature lower 
than 750oC, the catalyst must be kept reduced state. Otherwise, the 
conversion of CH4 and the selectivities will be very low for CH4 
can’t decompose and can only react with adsorbed oxygen on the 
oxidized catalyst surface via Rideal-Eley mechanism. However, if 
the reaction temperature is higher than 750oC, the catalyst is 
unnecessary to be reduced before reaction and metal Ni sites can 
form automatically during the reaction for O2 is consumed 
completely. 
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Introduction 
Mankind has been used to an ever-growing supply of cheap and 

abundant fossil energy including coal, oil and natural gas for more 
than 150 years. Especially, cheap oil has played an important role 
in the booming economic all over the world. The consumption of 
fossil energy is challenging us due to some global problems.  The 
first problem is the degradation of the environment. The second 
one is the lack of availability and security of oil. To solve these 
problems, one has to improve the efficiency of energy consumption 
and develop alternative fuels simultaneously. Since the safe nuclear 
energy technology is still in the development, alternative fuels and 
renewable energy become very important in the present world. 

Methane is a principal component of natural gas, coalbed 
methane, associated gas of oil field and some by-product gases of 
chemical plants. There is a plentiful resource of methane. The 
utilization of methane is very important to keep the safe and 
reliable energy supply in the coming new century.  On the other 
hand, there is a huge reserve of coal all over the world. Especially, 
the major fossil fuel consumed in China is coal. An intensive 
investigation has been conducted to develop technologies for the 
clean use of coal in China. Due to its low H/C, it is still difficult to 
chemically utilize coal. Since methane owns a higher heat value, 
with its high H/C ratio, it is very promising to combine the 
utilization of methane and coal. Especially, it will be very 
promising if we can produce liquid fuels directly from conversions 
of coal and methane. However, few work has been conducted in 
this field. 

The industrialized synthetic fuel production from coal or 
methane claims a multi-step process. First, the syngas (CO+H2) is 
produced and the liquid fuel is then produced from syngas. 

However, there exist some difficulties in such fuel production. 
First, the process of the production of syngas is an endothermic 
reaction and requires a high temper-ature for a favoured 
equilibrium. This is a very energy-intensive process.  Second, 
further reactions of syngas, like F-T synthesis, need high-pressure 
operation for a reasonable conversion. Therefore, the produced 
syngas has to be compressed. This also consumes extra energy. For 
the comercialised set-up of fuel synthesis from syngas, more than 
60% of the cost goes to the production and compression of syngas 

[1]. The high-energy consumption and high investment in set-up 
limit the application of multi-step conversion. Especially, such 
multi-step utilization is not suitable for on site coal or methane 
conversion at remote sites by far. It is very necessary to improve 
such multi-step utilization of coal or methane simultaneously 
exploits new techniques. Among all the new technologies under 
developing, the non-thermal plasma conversion is very promising. 
Since non-thermal plasma is a mixture of electrons, highly excited 
atoms and molecules, ions, radicals, photons, etc, the chemistry is 
very complex. A very selective product from this plasma chemistry 
could become very expensive. This character determines that non-
thermal plasma is feasible for the synthesis of liquid fuel that is a 
mixture of higher hydrocarbons. Here we report a direct liquid fuel 
synthesis from the combination of conversions of coal and methane 

using dielectric-barrier discharge (DBD) that has led to a 
significantly high yield of higher hydrocarbons.    
 
Experimental   

The DBD reactor we used in this investigation was similar to 
that reported previously [2,3]. The gap for the discharge was 1.8 mm 
and the length of the discharge zone was 250 mm. The pure 
methane feed was used for this investigation. The flow rates of 
feed gas were about 20 ml/min and 40 ml/min, respectively. The 
high voltage electrode was an aluminum foil attached to the inner 
surface of the quartz tube. And a stainless steel tube around the 
quartz tube served as the grounded electrode. The width of 
discharge gap was equal to the distance between the steel tube and 
the quartz tube. The temperature of all the reactions was adjusted at 
about   65 °C with circulating oil. All the experiments were 
operated at atmospheric pressure. 

The feed gas (methane) was introduced into the reactors via 
mass flow controllers. The gaseous products were analyzed using 
an online gas chromatograph (HP 5890, TCD and FID) with a mass 
selective detector (HP 5971) equipped with a HP-PLOT Q column 
(30 m × 0.53 mm). The liquid products were collected in a trap 
cooled by a mixture of ice and water. The liquid hydrocarbons 
were analyzed using the same GC with a CBP-1 column (50 m × 
0.25 mm).   
 The loading of coal (anthracite coal; purchased from Beijing 
Institute of Coal Science,product code: GBW11103b) in the 
discharge space was the same as the approach described elsewhere 

[3,4].   
 
Results 

The product from such DBD plasma methane conversion in the 
presence of coal contains gaseous hydrocarbons (mainly ethane 
and propane with some small amount of ethylene, propylene, 
butane, iso-butane and benzene) and syn-crude. It is clear that the 
product includes products from the decomposition of methane, 
products from the conversion of coal and products of reactions of 
discharge species with components in the coal. The decomposition 
of methane leads to the formation of higher hydrocarbons. The 
conversion of coal principally leads to the formation of aromatics 
and also higher hydrocarbons (from the hydrogenation of coal). 
The reactions of discharge species and components of coal lead to 
the production of hydrocarbons and oxygen-containing and 
nitrogen-containing hydrocarbons. The formation of nitrogen-
containing hydrocarbons will induce extra purification of syn-crude 
that is a major drawback of the present DBD conversions. 

The decomposition of methane was initiated from the formation 
of methyl radicals in the DBD discharges 
CH4 + e → CH3 + H                                                       (4)  

The reactions of propagating the length of carbon chain, which 
took place in the bulk gases, could be expressed as: 
CH3 + CH3 → C2H6                                                        (5) C2H6 + e 
→ CH3 + CH3                                                  (6) 
C2H6 + e → C2H5 + H                                                    (7) 
CH3 + C2H5 → C3H8                                                      (8) C3H8 + e 
→ C3H7 + H                                                    (9) 
CH3 + C3H7 → C4H10                                                   (10) 
C2H5 + C2H5 → C4H10                                                  (11) 

……             ……               …… 
  The chain reactions lead to the formation of syn-crude. In the 
presence of coal, the components in the coal will also involve in 
the chain growth reactions for the syn-crude production to lead to 
the production of aromatics and nitrogen-containing hydrocarbons. 
Figure 1 shows a MS spectrum of syn-crude produced. The peaks  
at  
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Figure1.  MS spectra of syn-crude produced from the DBD plasma 

methane conversion in the presence of coal (flow rate of feed 
methane: 20 Nml/min; Input power: 50 W; Conversion of methane: 

28.2% (after 15 min); 35.0% (after 70 min)) 
 
the first 50 minutes in the Figure 1 are principally hydrocarbons. A 
large amount of branched hydrocarbons have been detected in 
these hydrocarbons, which means a better fuel production. The 
peaks present in the range of 60 to 70 minutes are mostly nitrogen-
containing hydrocarbons. It is obviously that the nitrogen species 
in the coal are easily involved in the reactions for the production of 
higher hydrocarbons. Further investigation is being conducted for 
the understanding of reactive mechanisms. 
 
 
 
Conclusion 
    The present investigation has confirmed a syn-crude production 
from the combined conversions of methane and coal. Such 
produced syn-crude contains a large amount of branched higher 
hydrocarbons. Some nitrogen-containing hydrocarbons have also 
been detected that requires a further purification of syn-crude. The 
syn-crude production from the combined conversions of methane 
and coal employs three kinds of reactions: (1) decomposition of 
methane; (2) conversion of coal, including hydrogenation, 
decomposition of volatiles under the condition of DBD plasmas  (3) 
the reactions of methane plasma species with the components of 
coal. Compared to methane conversion in the absence of coal, the 
addition of coal in the discharge gap induces a significantly higher 
yield (more than 200% higher) of liquid fuel (syn-crude exactly). 
This means that the addition of coal is favoured for the syn-crude 
formation under the condition of DBD plasmas. This enhanced 
yield would be from the hydrogenation of coal (there is a plentiful 
of hydrogen species in the methane DBD plasmas). Since DBD 
plasma is a cold plasma phenomenon and can be operated at the 
ambient conditions, it is very potential to develop such combined 
conversions of coal and methane. 
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Introduction 
Its low heteroatom concentration and high hydrogen content make 
natural gas an ideal fuel in our continuing efforts to minimize the local 
and global environmental impact of energy use and of chemical 
syntheses. Gas reserves are more uniformly distributed than oil 
reserves, making supplies less sensitive to local disruptions or 
manipulative practices. Many gas reserves are located far from 
markets; and their use as fuels and petrochemical feedstocks is 
currently restricted by the limited availability of technology and 
infrastructure for efficient conversion of methane to liquid fuels, 
petrochemicals,  and even electricity.  In remote locations, gas 
conversion will produce predominately liquid fuels, because 
economies of scale and required depletion rates will involve the 
processing of large gas throughputs.  With time, methane conversion 
to liquid fuels will be mostly replaced by direct use of gas as a fuel, as 
pipelines and local infrastructures and economies develop.  The 
concurrent production of commodity and intermediate chemicals in 
large gas conversion plants can influence economic incentives by 
increasing margins and it can lead to earlier profitable implementations 
of emerging technologies.  The synthesis of chemicals will continue 
even after the gas conversion to fuels window and it will provide the 
cleanest and most economical routes to many of the chemicals 
currently produced from oil.  
 
Activation and Conversion of Methane 
 Natural gas conversion costs depend on gas prices, on 
thermal efficiencies, on chemical selectivities, and on capital costs.  
Maximum attainable (theoretical) thermal efficiencies depend only on 
the stoichiometry of the products formed.  They are unaffected by 
whether direct or indirect routes are used to form a given product 
slate.  Highest theoretical efficiencies are reached when product H/C 
ratios resemble those in CH4. Practical (in contrast with theoretical) 
thermal efficiencies and capital costs depend for the most part on the 
temperature and pressure changes required throughout the process 
and on the product yield per pass.  Thus, direct processes tend to 
minimize temperature (and pressure) fluctuations and to decrease 
second-law efficiency losses and capital costs, which depend strongly 
on the required amounts of heat exchange.  High yields minimize the 
energy and capital costs of separation, recompression, and recycle.  
 Methane conversion can proceed via direct or indirect 
paths.  Direct paths require C-H bond activation and the conversion of 
the CHx species formed to products within a single vessel.  Pyrolysis, 
oxidative coupling, selective oxidation (to methanol or formaldehyde), 
partial oxidation (to CO/H2), and steam reforming are direct (one-
step) methane conversion routes. Only a few desired products 
(CO/H2, acetylene, ethylene, aromatics, methanol, formaldehyde) can 
be formed via these direct routes.  Invariably, CH4 reaction products 
are much more reactive than CH4 itself and they progress along 
reaction paths leading to thermodynamically more stable carbon or 
CO2 products.  High product yields in direct routes require the 
continuous removal of desired products from the reaction zone or the 
thermodynamic or kinetic protection of these products against further 
reactions.   In general, maximum attainable yields depend on the 
thermodynamic tendency of a given products to oxidize to CO2 or to 
dehydrogenate to solid carbon.  Weaker C-H bonds in products tend 

to favor their activation at low reaction temperatures in the absence of 
thermodynamic or kinetic protection.  Although at first glance 
counterintuitive, low temperatures actually disfavor the desired 
products, because their subsequent reactions have much lower 
activation energies that the primary CH4 activation reactions that form 
these desired initial products. 
 Many direct paths become indirect when desired products 
are made via the initial formation of chemically-protected 
intermediates, which are subsequently converted to the desired 
products.  The first step forms a protected form of methane, which 
resists further conversion to CO2 or carbon, and the second step "de-
protects" this intermediate and forms the desired products in higher 
yields than via the corresponding direct routes.  For example, 
synthesis gas (H2/CO) is in effect a protected form of activated 
methane and it can be used to form a broad range of hydrocarbons 
and oxygenates useful as fuels and chemicals.  High temperature 
reactions of CH4 with H2O, CO2 and even O2 do not form large 
amounts of CO2 because of thermodynamic constraints imposed by 
the high reaction temperature and the stoichiometry of the reactants 
used.  Kinetic protection can be achieved using methyl bisulfate or 
methyl chloride intermediates, both of which can be used to form 
methanol or hydrocarbons in subsequent steps.  Synthesis gas routes 
require two steps, including a thermally efficient but costly synthesis 
gas generation process, but the oxidants, however, are O2 or H2O, 
which are readily available and require only their extraction from the 
environment in purified form.  The bisulfate and chloride routes use 
expensive and toxic reagents (H2SO4, Cl2, or HCl), which require 
careful handling.  They also involve costly chemical regeneration in an 
additional third step.  To some extent, these considerations have lead 
to the accepted use of synthesis gas routes in currently envisioned gas 
conversion technologies. 

Intermediates can also be protected using physical rather 
than chemical means. Physical protection schemes require a device 
that extracts desired products  continuously or which can separate 
CH4 and O2 within a chemical reactor.  This separation can occur 
spatially or temporally.  High ethylene and benzene yields can be 
obtained by rapid quenching of pyrolysis products; two-step cyclic 
processes involving methane decomposition to CHx species on metals 
and hydrogenation of these fragments lead to larger alkanes.  
Endothermic CH4 dimerization and pyrolysis reactions can be carried 
out at low temperatures by continuously removing hydrogen using 
absorption onto solids, transport through membranes, or reactions 
with lattice oxygen.  High ethylene yields can be achieved by its 
continuous removal from a stream, using external absorbers in recycle 
or moving bed reactors and by the use of lattice oxygen in cyclic 
reactors for oxidative coupling.  In all cases, the approaches are 
technically sound and practically feasible from engineering 
considerations, but they increase the complexity and cost of the 
reactors because of the multi-functional or transient nature of their 
operation.  As a result, they do not really deliver the intended 
simplicity and low capital costs of direct methane conversion 
processes. 
 
Direct and Indirect Methanol and Formaldehyde Synthesis  
 One-step homogeneous oxidation of methane at high 
pressures and temperatures has led to the synthesis of methanol with 
yields of ~4%.  The rapid subsequent combustion reactions of 
methanol to form CO2 limit conversions in practice, while the 
explosive nature of the required reactant mixtures creates engineering 
challenges in the design of mixing schemes and pressure vessels.  
Solid catalysts have not led to yield improvements, because surface 
sites activate C-H bonds in both methane and methanol. Staged O2 
introduction using multiple injectors or dense oxygen conducting 
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membranes are also unlikely to increase yields, because the rates of 
activation of C-H bonds in CH3OH and CH4 appear to depend 
similarly on O2 concentrations.  Continuous extraction of methanol 
can prevent combustion, but requires its selective absorption, 
adsorption, or permeation above ambient temperatures, none of which 
are currently possible, as well as a low conversion per pass.  The 
introduction of sites for methanol conversion to hydrocarbons into 
homogeneous methane to methanol oxidation reactors may provide a 
less costly product separation scheme, as well as the protection of 
activated CH4 (as methanol) as aromatic molecules that are 
considerably less reactive than methanol. 

The direct conversion of methane to formaldehyde using O2 
has also been widely studied on heterogeneous catalysts and 
formaldehyde yields have been typically even lower that those 
reported for the direct methane conversion to methanol. Two recent 
studies have reported higher formaldehyde yields; one study uses 
NO/O2 mixtures as the oxidant and homogeneous pathways and the 
other O2 as the oxidant and supported silicomolybdic acids as 
heterogeneous catalysts. 

Biological routes that convert methane selectively to 
methanol are often mentioned as the ultimate replacement for these 
other routes.  Progress in this area will require enzymes or 
microorganisms that function selectively and efficiently in 
concentrated aqueous methanol solutions and the replacement of the 
co-reagents currently needed for effective energy transfer in these 
biochemical reactions.   
 Commercial methanol synthesis processes use indirect 
routes based on synthesis gas intermediates.  These processes lead to 
much higher methanol yields (25-30% yield per pass) and >99% 
CH3OH selectivity.  Synthesis gas generation requires high 
temperatures and large capital investments but recent process 
improvements that combine partial oxidation and steam reforming in a 
nearly thermoneutral process have led to practical thermal efficiencies 
(71-72%) for the overall methanol synthesis process very close to 
theoretical thermal efficiency values (84.2%).  Recent development in 
the use of adiabatic monolith reactors for partial methane oxidation to 
synthesis gas have provided a novel and useful approach, especially 
for small-scale methanol synthesis applications that cannot exploit the 
beneficial economies of scale of steam reforming and autothermal 
reforming processes.  The chemical and structural integrity of noble 
metal catalytic coatings in these monolith reactors and the mixing and 
handling of explosive CH4/O2 mixtures remain challenging issues in 
the design of the short contact time reactors for the production of 
synthesis gas.  Recent advances in the design of ceramic membranes 
for oxygen and hydrogen transport may become useful in decreasing 
or eliminating air purification costs and in driving endothermic steam 
reforming reactions to higher conversions or lower operating 
temperatures. Such ceramic membranes have advanced beyond their 
status as a laboratory curiosity and into developmental consortia, but 
their reliable practical implementation will require additional advances 
in the synthesis and stabilization of thin metal oxide films within novel 
reactor geometries as well as the development of faster proton 
conductors for the case of hydrogen separation schemes.  
 Methanol can also be formed via other indirect routes, such 
as via processes involving the formation of methyl bisulfate on Hg 
complexes followed by its conversion to methanol via hydrolysis, and 
by the regeneration of the sulfuric acid oxidant by SO2 oxidation.  
Methyl bisulfate yields can reach 70-80%, because of the low 
reactivity of methyl bisulfate relative to methanol and even methane.  
Turnover rates are very low in the temperature tolerated by these 
homogeneous catalysts and Hg organometallic complexes and sulfuric 
acid are very toxic and difficult to handle and to regenerate.  More 
recent studies have increased the stability of these catalysts by 

introducing more stable ligands and eliminated Hg-based materials 
with Pt-based homogeneous catalysts.  This approach involves a new 
type of protected intermediate (methyl bisulfate) and leads to higher 
methanol yields than in commercial routes based on  synthesis gas.  It 
is, however, neither a direct route to methanol nor a process with low 
capital investment. It involves three steps, including a very costly 
oxidant regeneration step and   a deprotection step limited by 
thermodynamics.  

Oxychlorination provides another indirect route to methanol 
and to hydrocarbons via acid-catalyzed hydration or oligomerization 
of methyl chloride.  It involves the use and the costly regeneration of 
Cl2 and it requires corrosion-resistant vessels and significant 
temperature cycling of process streams.  CH3Cl yields of 25-30% have 
been achieved with yield losses predominately to CO2 and CH2Cl2.  
An additional chemical hurdle in these process is the low selectivity to 
monochlorinated products.  Higher yields will require more selective 
monochlorination and lower combustion rates of these desired 
intermediates.  These improvements appear unlikely because of the 
kinetic instability of CH3Cl relative to CH4 and of the thermodynamic 
stability of the sequential CO2 and CH2Cl2 products. 

 
Synthesis of Hydrocarbons via Pyrolysis Reactions 
 The pyrolysis of methane to form alkynes, alkenes, and 
arenes is highly endothermic and requires very high temperatures and 
concurrent combustion of methane as a fuel in order to provide the 
enthalpy of reaction in a heat exchange furnace.  At these high 
temperatures, homogeneous pathways lead to acetylene, polynuclear 
aromatics and soot as the preferred products for both kinetics and 
thermodynamic reasons.  Thermal efficiencies are low because of the 
extreme temperature cycling required of process streams and because 
of the rapid quenching protocols used to restrict chain growth and 
soot formation.  The low pressures required by thermodynamics and 
the slow homogeneous reactions lead to large reactor vessels, which 
must be protected against carbon deposition and metal dusting 
corrosion by using coatings or specialized materials of construction. 

Recently, several approaches have addressed these 
limitations and they have led to significant control of methane 
pyrolysis selectivity.  One approach involves the synthesis of benzene 
and ethylene with 30-40% yields per pass using homogeneous 
pyrolysis reactors and the rapid thermal quenching of reaction 
products.  Another improvement uses shape-selective catalysts based 
on MoCx and WCx species held within shape-selective channels in 
pentasil zeolites (H-ZSM5), where chain growth to form polynuclear 
aromatics is spatially restricted and the presence of CH4 activation 
sites on the surface of carbide clusters leads to CH4 pyrolysis 
reactions at much lower temperatures (700 0C) than for homogeneous 
pathways. The addition of small amounts of CO2 during CH4 pyrolysis 
on these catalysts and the selective deactivation of acid sites on 
external zeolite surfaces have led to marked improvements in catalyst 
stability and to lower selectivity to hydrocarbons larger than 
naphthalene.  The combination of such catalysts with hydrogen 
removal by ceramic membranes remains a promising but challenging 
approach to the direct conversion of methane to larger hydrocarbons.   

A two-step cyclic process involving the deposition of CHx 
fragments from methane on metal surfaces at 200-300 oC and the 
coupling of such fragments during a subsequent hydrogenation cycle 
has led to very low yields of C2+ hydrocarbons.  Yields are 
unavoidably constrained by the unfavorable thermodynamics of this 
overall process at low temperatures and by the selectivity losses to 
surface carbon, which also cause rapid deactivation and loss of 
methane reactants.  A more promising and thermodynamically feasible 
cyclic strategy involves the formation of relatively pure H2 streams 
using CH4-H2O cyclic processes on solids that can generate reactive 
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carbon and H2 during the CH4 cycle and remove the carbon as CO 
while producing additional H2 during subsequent contact with steam. 
 
Oxidative Coupling of Methane 
 Oxidative coupling combines at the molecular level methane 
dimerization via radical-like pathways with the removal of the 
hydrogen formed, often before recombinative desorption to form H2, 
via oxidation steps.  Ethane and ethylene are the predominant 
hydrocarbons formed.  Heterogeneous catalysts improve the yields 
and selectivity attainable in homogeneous coupling reactions, but the 
active surface sites in these materials also activate C-H bonds in 
ethane and ethylene, leading to secondary combustion reactions, 
which limit attainable yields to 20-25% and lead to significant 
formation of CO2. These secondary pathways are very exothermic and 
they place significant heat transfer loads on the catalytic reactors.  The 
use of cyclic strategies using lattice oxygen and moving or fluid bed 
reactors provides an attractive alternate option, which avoids 
unselective homogeneous combustion pathways and uses the heat 
capacity of the solids to increase the efficiency to heat removal during 
reaction. Protecting strategies in oxidative coupling can lead to two-
step processes similar to those for methanol synthesis.  In principle, 
synthesis gas, methyl bisulfate, or methyl chloride intermediates can be 
used to form ethylene, but ethylene formation from these protected 
intermediates is not very selective and the overall processes is not 
environmentally benign. 
 Other protecting strategies have been attempted, or at least 
proposed, in order to  increase C2 yields in oxidative methane 
coupling.  The separation of ethylene from the reactor effluent using 
cation-exchange zeolites has been carried out and it has led to slight 
C2 yield improvements. The low adsorption temperatures required and 
the lack of adsorption selectivity for ethane, however, limit the 
practical applications of these approaches.  The in situ conversion of 
ethane and ethylene to aromatics using cation-exchange zeolites after 
oxidative coupling can lead to the simpler separation of aromatics 
from the product stream, but in a process for the synthesis of 
aromatics instead of ethylene.  Finally, yields improvements can result 
from the separation of methane and oxygen reactants in space (via 
membranes) or in time (via cyclic reactors).  The first approach 
exploits any differences in kinetic oxygen response between the 
coupling and the product combustion reactions.  O2 is introduced 
along the reactor via multiple injectors or oxygen-conducting 
membrane walls.  Low O2 concentrations can also be achieved using 
backmixed fluidized beds operated at high oxygen conversion levels. 
The staging of the oxidant along a tubular reactor has not led to 
significant improvements, apparently as a result of the similar kinetic 
dependences of CH4 and C2 activation steps on O2 concentration.  
Detailed kinetic simulations have shown that distributed oxygen 
introduction is unlikely to give C2 yields above 35-40%.  Laboratory 
tests have shown that poor radial dispersion of the oxygen feed can 
lead to high local O2 concentrations, which can cause stable flames 
and structural damage at membrane walls.  
 Detailed kinetic and process simulations have suggested that 
continuous ethylene removal from a recycle stream can lead to 75-
85% C2 yields during oxidative coupling of methane. When the 
removal of ethylene requires temperatures significantly lower than for 
oxidative coupling, the required recycle ratios become impractical, 
because  extensive thermal cycling leads to second-law inefficiencies 
and to large capital and operating costs associated with heat exchange 
and recompression.  These constraints can be overcome by designing 
absorbers or membranes that remove ethylene selectively from dilute 
streams containing ethane, CH4, CO2, H2O, and O2 at typical 
oxidative coupling temperatures.  A reaction-separation protocol 
using simulated chromatographic reactors has led to 65-70% ethylene 

yields.  The practical use of these reactors as moving beds, however, 
requires porous solids that separate C2 from methane and oxygen at 
elevated temperatures using adsorption, capillary condensation, or 
diffusion differences among these components.  Cation-exchanged 
zeolites and microporous carbons are promising as materials for the 
separation of ethylene from such mixtures, but optimum operating 
temperatures remain well below those required for oxidative coupling.  
 Oxidative coupling of methane can be carried out without 
contact between hydrocarbons and O2 using cyclic reactors or 
hydrogen-conducting membranes. High C2 yields (25-28%) can be 
achieved by cycling reducible oxides between a methane activation 
reactor and a solids re-oxidation vessel.  This cyclic process can 
maintain constant temperatures during solids recycle and uses air 
(instead of pure O2) as the oxidant, but the process requires complex 
handling of solids in fluidized beds.  Such redox cycles can be carried 
out within a single vessel by internally segregating a fluid bed into a 
reaction zone and an oxidative regeneration zone.  The appropriate 
desing oxygen donor solids can be used to the amount of and rate of 
reaction of the available lattice oxygen.  These cyclic oxidative 
coupling scheme remain of fundamental and practical interest in the 
activation and conversion of methane via oxidative routes. 
 Another type of cyclic reactor uses hydrogen absorption 
into a solid during methane pyrolysis and the removal of the absorbed 
hydrogen as water in subsequent oxidation cycles.  This approach has 
been recently reported for dehydrogenation reactions of higher 
alkanes.  In such cyclic schemes, pyrolysis and oxidation are separated 
temporally.  In the mathematically analogous catalytic membrane 
process, reactants are separated spatially using a diffusion barrier that 
permits only hydrogen transport.  Experimental tests using thick 
membrane disks of hydrogen-conducting perovskites led to very low 
methane conversion rates and C2 yields.  Significant improvements are 
possible by combining cation-exchanged zeolites for selective methane 
pyrolysis at low temperatures with much thinner oxide films, the 
successful synthesis of which has been recently reported.  Hydrogen 
transport rates at the H2 pressures prevalent during methane pyrolysis, 
however, must be improved significantly before practical applications 
of such schemes can be seriously considered. 
 
Synthesis Gas Conversion Routes to Fuels and Chemicals 
 Synthesis gas conversion processes are significantly more 
advanced in development than direct or other two-step methane 
conversion schemes.  Indirect gas conversion processes are currently 
practiced for methanol synthesis and for hydrocarbon formation via 
the Fischer-Tropsch synthesis.  Diesel-range hydrocarbons (via FT 
synthesis) and gasoline (via MTG processes) can be produced thermal 
efficiencies as high as ~80% of their respective theoretical values 
(78% and 75%).  These indirect processes have continued to evolve 
as continuous improvements have come about from advances in 
synthesis gas generation, from the design and deployment of three-
phase bubble columns for synthesis gas conversion, and from the 
development of improved catalytic materials for the selective synthesis 
of paraffins, intermediate size α-olefins, and higher alcohols. Small 
modular gas conversion plants using catalytic partial oxidation in 
monolith reactors and CO hydrogenation in bubble columns may also 
create future opportunities for combining H2 and power generation 
with the “small-scale” synthesis of commodity petrochemicals and 
even of liquid fuels. 
 Selective pathways for ethylene and propylene from 
synthesis gas remain unavailable, because Flory-type chain growth 
kinetics lead to broad carbon number distributions. The most 
promising approach uses acid-catalyzed chain growth reactions of 
methanol within shape-selective channels in pentasil zeolites and 
silicoaluminophosphate microporous materials in a three-step process 
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requiring synthesis gas generation, methanol synthesis, and methanol 
to olefins (MTO) or gasoline (MTG) conversion.  The latter must be 
carried out in fluid bed or moving bed reactors because of the need for 
frequent regeneration.  Currently available technologies use 
silicoaluminophosphate materials or modified pentasil zeolites in order 
to provide optimum shape-selective environments for the synthesis of 
light olefins.  Intermediate range α-olefins (C5-C15) can be produced 
with modest selectivity from CO and H2 on promoted Fe-based 
catalysts.  Maximum yields are limited by Flory-type chain growth 
kinetics, but the valuable mid-range paraffins and the smaller olefins 
formed as by-products are much more valuable than the paraffins 
formed and useful only as fuels.  
 Higher alcohol synthesis is also restricted to broad product 
distributions governed by stochastic chain growth kinetics.  Recently, 
bifunctional catalysts consisting of metal sites for hydrogenation 
reactions and basic sites for alcohol coupling steps have led to high 
selectivity to branched alcohols.  Chain growth appears to be 
restricted to C4 and C5 alcohols by the chemical constraints of base-
catalyzed aldol condensation reactions. High 2-methyl-1-butanol 
yields (200-300 g/kg-cat-h) have been recently reported on Pd-based 
bifunctional catalysts, but at very high pressures (>200 bar) and 
temperatures (400-450 oC).  Dimethylether isomerization and aldol 
condensation of olefins with methanol using acid-base bifunctional 
catalysts provide alternate but unexplored pathways to overcome the 
C1 to C2 conversion bottleneck during CO hydrogenation to form 
higher alcohols. 
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Introduction 

Production of pure hydrogen from hydrocarbons, particularly 
methane, the major component of natural gas, has great practical 
importance. Traditionally, reforming and partial oxidation of methane 
are employed to produce synthesis gas, which, when followed by 
water-gas shift conversion of the CO in synthesis gas to CO2 and the 
consequent removal of CO2, produces a relatively pure hydrogen 
stream.  However, this hydrogen stream still contains enough CO to 
poison the catalysts used in PEM electrochemical fuel cells. A 
reverse methanation reaction has to be carried out to reduce the CO 
concentration to sub-ppm levels.   

Catalytic decomposition of undiluted methane to pure hydrogen 
and carbon was carried out in absence of any oxidizing medium with 
a variety of alumina supported binary metal catalysts. Nanoscale, 
binary, 0.5%M-4.5%Fe (M = Pd, Mo or Ni) catalysts supported on 
alumina reduced the decomposition temperature of undiluted 
methane by 400-500 °C relative to non-catalytic thermal 
decomposition.  The product stream comprised of over 75-volume % 
of hydrogen and unconverted methane at reaction temperatures of 
700 °C. The efficient removal of carbon from the catalyst surface in 
the form of nanotubes is believed to be the key factor influencing 
catalyst performance.1 

Figure 1 is a plot of hydrogen production by catalytic 
decomposition of methane at various reactor temperatures using pure 
Fe, pure Mo and binary Mo-Fe catalysts.  The role that binary metals 
play in methane decomposition is clearly evident.  Similar plots of 
hydrogen production by methane decomposition using other binary 
metal catalysts (Ni-Fe and Pd-Fe) show significantly higher activity 
than either Fe or the other secondary metal (Ni, Pd) alone.1  
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Figure 1. Comparison of alumina supported pure molybdenum and 
pure iron catalysts with binary Fe-Mo catalysts pre-reduced at 700  
°C for hydrogen production. 

 
This paper primarily deals with characterization of these highly 

active nanoscale binary alumina supported catalysts using a variety of 
analytical techniques, viz. x-ray absorption fine structure (XAFS) 
spectroscopy, x-ray diffraction (XRD), Mössbauer spectroscopy, and 
scanning (SEM) and transmission (TEM) electron microscopy.  The 
synthesis and pre-treatment of the catalysts, as well as SEM/TEM 

characterization of the produced nanotubes, have been reported 
elsewhere1. 
 
As-prepared catalysts 

Mössbauer and Fe K-edge XAFS spectroscopies confirmed that 
the iron in vacuum-dried, alumina-supported catalysts exists in the 
ferrihydrite structure.2 The radial structure functions of the Pd and Ni 
EXAFS indicate the presence of only one nearest neighbor oxygen 
shell implying either very small particles of oxide on alumina or 
incorporation in ferrihydrite.  XAFS analysis indicates that Mo exists 
in the +6 oxidation state, probably as MoO4

-2. 
 

Pre-reduced catalysts  
The as-prepared or pre-oxidized catalysts were not active for 

methane decomposition1.  The catalysts were activated by reduction 
at 700 °C for two hours and cooling in flowing hydrogen. However, 
Mössbauer and Fe EXAFS spectroscopic data showed that for all the 
catalysts, the reduction of Fe to the metallic state is not complete at 
700 °C probably because iron reacted with the alumina support to 
form hercynite.  Pre-reduction at 1000 °C is required to complete the 
reduction of all the Fe to metal.  XRD studies of catalysts reduced at 
700 °C only yielded lines due to the γ-alumina support, except for 
Pd-Fe, in which lines due to metallic Fe were also observed (figure 
2). Both Pd XANES and Fe Mössbauer data showed that at 700 °C, 
Pd is easily reduced to metallic state and its presence appears to 
facilitate the reduction of Fe.  Both Ni and Mo are partially reduced 
to the metallic state.  Mössbauer spectroscopy showed the presence 
of a Fe2Mo phase in Mo-Fe/Al2O3 catalysts and the enhanced 
formation of a NiFe austenitic phase in reduced Ni-Fe/Al2O3 
catalysts. STEM investigation of the reduced catalyst further 
confirms the formation of alloy phase.  Figure 3 shows a dark field 
STEM image and Al, Fe and Mo K-edge EDS maps of a pre-reduced 
Mo-Fe catalyst. Overlap of Mo and Fe images confirm formation of 
nanoscale Mo-Fe metallic alloy particles. 

 
 

Figure 2. XRD spectra of 0.5%Pd/4.5%Fe/Al2O3 catalyst after 
reduction at 700C showing formation of metallic Fe phase. 
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 STEM image 50 nm 

Figure 4. XRD spectra of 5%Fe/Al2O3 catalyst (reduced at 1000C) 
shows phase transformation of alumina support. Lines due to 
deposited graphitic carbon (in form of nanotubes) are also clearly 
evident. PDF files of different possible phases are also shown for 
comparison  
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 Fe K Map 

 Mo K Map 

 Al K Map 
 
Figure 3. Dark field STEM image with Fe, Mo and Al K-edge EDS 
maps of the area mark in the STEM image of a Fe-Mo catalysts pre-
reduced at 700  °C showing formation of nano-size binary metallic 
particles on alumina support. 
 
Catalysts after on-stream exposure  

Exposure of the pre-reduced catalysts to flowing methane at 700 
°C did not result in any significant changes in the XAFS spectra.  
Although methane is a carburizing atmosphere and the catalysts are 
very active in decomposing methane to produce large amounts of 
elemental carbon in form of nanotubes, the catalysts retain their 
metallic states.  As shown in figure 4, XRD studies indicate that γ-
alumina undergoes a phase transformation to δ-alumina when the pre-

reduction step is carried out at a higher temperature (1000 °C instead 
of 700 °C). Besides lines due to alumina, XRD studies showed lines 
due to graphite and Fe3C in all samples after on-stream exposure.  
Mössbauer spectroscopy indicated formation of austenite phase 
possibly due to incorporation of carbon in iron and/or stabilization by 
the secondary metal. A small amount (0-20%) of iron was also found 
in metallic state. Substantial amounts of iron were still in unreduced 
Fe2+ state probably as hercynite (FeAl2O4) spinel due to reaction of 
the iron with the support. 
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Introduction
The synthesis of methanol from mixtures of hydrogen and

carbon oxides using mixed metals and metal oxides has been under
investigation since at least 1914.1  Both zinc oxide and chromium
oxide, with or without promotion by alkali metal hydroxides, are
described as preferred materials for oxygenate synthesis in this BASF
patent.  In addition, two later patents from BASF issued in 1925 2

and 1926 3 focused on the use of CuO/ZnO and Cr2O3/ZnO catalysts.
By 1932, the industrial production of methanol was primarily
undertaken through the use of these two catalyst types.4  During this
time, a series of papers was published by Frolich and coworkers that
focused on methanol synthesis over CuO/ZnO/Al2O3,

5 CuO/ZnO,6-8

and Cr2O3/ZnO9 catalysts.  Additional investigations of methanol
synthesis over Cr2O3/ZnO catalysts were undertaken
contemporaneously by Brown and Galloway.10-11  However,
CuO/ZnO/Al2O3 is currently (and has been since ca. 1960) the
preferred industrial catalyst for methanol synthesis,12-15 and academic
research efforts on CuO/ZnO16-18 and CuO/ZnO/Al2O3 

19-20 catalysts
for methanol synthesis have continued essentially unabated.

Nevertheless, the use of alkali-promoted, Cr2O3/ZnO-based
catalysts for higher alcohol synthesis (which can be inferred from the
early BASF patent)1 has been explicitly under investigation since at
least 1928.21-33  Mixed Cr2O3-ZnO/H-ZSM-5 catalysts have also been
studied for the direct conversion of synthesis gas to C2+
hydrocarbons and aromatics.34-41  The mechanism of higher alcohol
synthesis is reported to occur through the interaction of intermediate
surface species (formate and methoxy) that also have the potential
(via hydrogenation) to form methanol.29,33  In addition, the
mechanism for C2+ hydrocarbon and aromatic formation over
physical mixtures of Cr2O3-ZnO and H-ZSM-5 catalysts presumably
involves the generation of intermediate alcohol species on the Cr2O3-
ZnO function that migrate and react at Brönsted acid sites on the
zeolite via the established methanol-to-olefin and methanol-to-
gasoline mechanisms.34-41  A common feature of both the higher
alcohol and aromatic synthesis catalytic systems is the necessity for
surface formate and methoxy species formation on the Cr2O3-ZnO
catalyst function.  Therefore, understanding the role of the Cr2O3-
ZnO catalyst function on the kinetics of methanol formation is of
fundamental importance to both higher alcohol and aromatics
syntheses from synthesis gas..

Cryder and Frolich, in an early report on methanol
synthesis over Cr2O3/ZnO catalysts, postulated that the apparent
synergy observed between chromium oxide and zinc oxide when co-
precipitated, in comparison to the pure component oxides, was
mainly due to an increase in the catalyst surface area per unit mass;9

however, they also explicitly lamented that in 1929 no satisfactory
means of estimating the catalyst surface areas was available in order
to report methanol synthesis rates on an areal basis.  The subsequent
development of a suitable and reproducible technique for the
measurement of catalyst surface areas by Brunauer, Emmett and
Teller,42 now referred to commonly as the BET method, has since
enabled researchers to measure catalyst surface areas, and thus to
report kinetic data on an areal basis.  Despite this fact that the BET
method is widely available and relatively inexpensive, and areal rates

are ultimately more suitable toward the elucidation of catalyst
properties,43 much experimental work in the areas of methanol,
higher alcohol, and aromatics syntheses continues to be reported on
either conversion or specific activity (per mass of catalyst) bases.

In the investigation reported herein, several Cr2O3-ZnO catalysts
prepared via co-precipitation with either K2CO3 or (NH4)2CO3 were
characterized by X-ray diffraction, N2-BET and activity for methanol
synthesis at 593 K.  Through the use of BET and areal rates it is
demonstrated that the catalyst specific activities can be described well
by a simple linear combination of areal rate data for the pure
component oxides, indicating that no synergy is likely present
between chromia and zinc oxide in these catalysts.

Experimental
Catalyst Preparation.  Several K-Cr2O3/ZnO catalysts

were prepared via co-precipitation using a procedure adapted from
that reported by Ereña et al..39  After defining the desired catalyst
composition, a 0.14 M cation solution was prepared via addition of
appropriate quantities of Cr(NO3)3∙9H2O (Acros, 99.98% Purity) and
Zn(NO3)2∙3H2O (Acros, 99+% Purity) to distilled H2O.  In addition, a
0.5 M solution of K2CO3 was prepared as a precipitating agent.  The
cation (Cr3+ / Zn2+) and anion (CO3

2-) solutions were simultaneously
added dropwise to a stirred beaker of distilled H2O maintained at 7.0
≤ pH ≤ 7.5 and 338±5 K.  Analogous Cr2O3/ZnO catalysts with
substantially lower potassium contents were prepared using a 0.5 M
solution of (NH4)2CO3.  Co-precipitated materials were filtered,
washed repeatedly with distilled water, dried in static air at 383 K,
and subsequently calcined at 473 K for 2 h using 10% oxygen in
argon at a Gas Hourly Space Velocity (GHSV) of 600 cm3/h∙gcat.
Additional samples were prepared via subsequent calcination in 10%
oxygen for 2 h at temperatures between 373 and 973 K.

Catalyst Characterization.  All catalysts were
characterized using direct current plasma emission spectroscopy
(DCPES) to quantify the composition of elemental chromium, zinc,
and potassium.  N2 BET analysis was used to determine the surface
areas of the calcined samples after evacuation for 3-5 h at 473-573 K.
In addition, powder X-ray diffraction (XRD) spectra were obtained
using filtered CuKα radiation (Materials Characterization Laboratory
at the Pennsylvania State University).  Volume-weighted crystallite
sizes (dv) were estimated from XRD spectra using the Scherrer
equation, dv = 0.9 λ / B cos θ, with Warren’s correction for
instrumental line broadening, B = (BM

2-BI
2)1/2, where λ = 1.54158 Å

for weighted CuKα radiation, BM is the peak width at one-half
maximum intensity, and BI is the instrumental line broadening.

Selected catalyst samples were also characterized after
reaction via temperature programmed oxidation (TPO).  After
reaction, catalysts were cooled to room temperature in flowing
nitrogen, removed from the reactor, and subsequently transferred to a
quartz tube packed with quartz wool.  The quartz tube was placed in
a horizontal tube furnace equipped with a carbon dioxide sensor
(Vaisala) at the effluent.  Catalyst TPO was thereafter performed
using 10% oxygen in argon (GHSV = 100 cm3/h∙gcat) at ca. 4 K/min
from 293 to 973 K to quantify total carbon deposition (as either
carbonaceous deposits or adsorbed COx).

Apparatus for Methanol Synthesis.  High purity N2

(99.999%), H2 (99.999%), and CO (99.3%) were used as-received
without further purification and introduced independently using mass
flow controllers (Porter) to a copper-lined, tubular reactor made of
Inconel 600.  The reactor was placed within a vertical split-tube
furnace (Lindberg) equipped with a thermocouple for external reactor
temperature control and a thermocouple inserted into the catalyst bed
to monitor catalyst temperature.  The temperature of the reactor
effluent line was typically maintained at 240oC, and an electronic
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back-pressure regulator (Tescom) was used to control reactor
pressure up to 34 atm.  The back-pressure regulator effluent was
directly fed at 1 atm to the sampling valve of an on-line gas
chromatograph (SRI Model 8610C), in which 0.2 cm3 samples were
subjected to simultaneous analysis with flame ionization (FID) and
thermal conductivity (TCD) detectors.  The FID was used for
methanol, methane, and byproduct analyses, and the TCD was used
for nitrogen, hydrogen, carbon monoxide, and methanol analyses.
Carbon dioxide formation was not observed during the experiments
reported herein. The absolute rate of methanol formation was
determined with the TCD via reference to nitrogen, by-product
formation rates were quantified via reference to methanol, and carbon
monoxide conversion was quantified from an overall carbon balance
assuming a negligible rate of carbon accumulation on the catalyst.
TCD and FID response values obtained during in-house calibration
were used in conjunction with those available in the literature.44

Procedures for Methanol Synthesis.  Typically, ca. 1
gram of ground and sieved catalyst [0.125 ≤ particle diameter (mm) ≤
0.25] was packed into the reactor between plugs of quartz wool, and
thereafter purged for 15 min at 293 K in flowing nitrogen (1350
cm3/h∙gcat).  The catalyst was then subject to a pretreatment procedure
involving reduction for 2 h in flowing hydrogen (H2/N2 = 2/1; GHSV
= 4050 cm3/h∙gcat) at 673 K.  After completion of pretreatment, the
reactor temperature was reduced to 393 K, and the catalyst was
exposed to a mixture of hydrogen and carbon monoxide in nitrogen
(N2/H2/CO = 1/2/1, GHSV ≈ 5000 cm3/h∙gcat).  After exposure to this
gas composition for 15 min, the reactor pressure was raised at a rate
of 0.34 atm/min from 1 to 34 atm, and then the reactor temperature
was raised at a rate of 2.5 K/min to 593 K.   Catalyst activity and
selectivity at 593 K remained fairly constant during the initial 15 h on
stream; therefore, time-weighted average of these data are reported
herein.

Results and Discussion
Characterization of Prepared Catalysts. Catalyst

chromium and zinc compositions determined via DCPES were in
relatively good agreement with nominal composition values for the
samples prepared with either ammonium or potassium carbonate.
The potassium concentrations in the samples precipitated with
ammonium carbonate are roughly three orders of magnitude lower
than for those samples precipitated with potassium carbonate;
however, the values are non-zero.  Presumably, the trace potassium
content in these ammonium-precipitated catalysts is a consequence of
contamination from use of the same laboratory glassware for
preparation of all samples.

Powder XRD spectra of the Cr2O3/ZnO catalysts after
calcination for 2 h in flowing 10%O2 at 973 K are shown in Figure 1.
The bulk phase for the nominal Cr/Zn = 0 sample corresponds as
expected to ZnO (JCPDS # 05-0664).  Increase in catalyst Cr/Zn
ratio from 0 to 1.86 resulted in a decrease in bulk ZnO and
concomitant increase in bulk ZnCr2O4 (JCPDS #22-1107).  Further
increases in catalyst chromium content resulted in the appearance of
Cr2O3 (JCPDS #6-0504) and a concomitant decrease in ZnCr2O4

content.  Powder XRD spectra of the K-Cr2O3/ZnO catalysts after
calcination for 2 h in flowing 10%O2 at 973 K are similar (not
shown), except that diffraction peaks due to the presence of K2O
(JCPDS 23-493) and K2Cr2O7 (JCPDS 27-380) are also present.

Volume-weighted crystallite sizes for the catalysts were
calculated through application of the Scherrer Equation to the (101)
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Figure 1. XRD spectra of Cr2O3/ZnO catalysts prepared via co-
precipitation with (NH4)2CO3 and calcined for 2 h in 10% O2 at 973
K.  Phases present include: (�) ZnO; (�) ZnCr2O4; and (�) Cr2O3.

diffraction peak for ZnO, the (311) diffraction peak for ZnCr2O4, and
the (110) diffraction peak for Cr2O3.  The data for Cr2O3/ZnO
catalysts prepared via co-precipitation with (NH4)2CO3 demonstrate
that addition of chromium to ZnO results in a decrease in the ZnO
crystallite size (for Cr/Zn ≤ 1.86), which however tends to increase
with increasing calcination temperature, as shown in Figure 2.
Similar trends were obtained for the K-Cr2O3/ZnO catalysts.

Surface areas for the Cr2O3/ZnO catalysts prepared via co-
precipitation with (NH4)2CO3 reveal a similar trend; i.e., the addition
of chromium to ZnO (or conversely, zinc to Cr2O3) results in an
increase in catalyst surface area (Table 1).  Surface areas of
analogous K-Cr2O3/ZnO catalysts exhibited lower surface areas,
presumably indicating that potassium oxides and potassium
chromates induce an intrinsically low hydrothermal stability.

Table 1. Catalyst surface area after calcination for 2 h at 973 K.
S (m2/g)

~ Nominal Cr/Zn (NH4)2CO3 K2CO3

0.00 5.3 ± 0.3 4.1 ± 0.1
0.10 17.0 ± 0.3 3.3 ± 0.7
0.25 19.1 ± 1.0 1.8 ± 0.3
0.39 19.00 ±  0.01 0.5 ± 0.2
0.42 23.9 ± 0.1 ---
0.59 24.9 ± 0.9 7.9 ± 0.4
2.00 27.2 ± 0.3 2.4 ± 0.1
15.0 18.7 ± 0.7 0.16 ±0.11

∞ 14.4 ± 0.1 < 0.05
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Figure 2.  Catalyst volume-weighted crystallite size as a function of
Cr/Zn ratio and calcination temperature for Cr2O3/ZnO catalysts
prepared via co-precipitation with (NH4)2CO3.  (�) 773 K; (�) 873
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Catalyst activity for methanol synthesis was evaluated as a
function of Cr/Zn ratio at 34 atm and 593 K, as shown in Tables 2-3
and Figure 3.  It has been reported in the literature that internal mass
transport limitations exist during methanol synthesis, and that the
degree of this limitation increases with increasing catalyst particle
diameter (> 1 mm) and temperature.45  However, application of the
Weisz-Prater criterion46 indicated that the data reported herein are
free from internal mass transfer limitations.  Regardless, subject to
the experimental conditions of this study, the maximum allowable
conversion of CO to CH3OH is only 4.2%.  Therefore, although the
conversions used in this study are low, the kinetic results for many
catalysts are to some extent equilibrium-limited.

The specific activity of the Cr2O3/ZnO catalysts prepared
via co-precipitation with (NH4)2CO3 exhibited the expected volcano-
type of relationship with the activity maximum observed for ca.
Cr/Zn = 0.39 (Figure 3); however, the specific activity of the
K/Cr2O3/ZnO catalysts decreased with increasing potassium content.
Comparison of rates on an areal basis, however, reveals that the
activities of ZnO and K/ZnO are effectively identical within
experimental error, and that activities for catalysts with other Cr/Zn
ratios are at least within an order of magnitude (Tables 2 and 3).  In
addition, it is important to note that the highest observed areal rate
for catalysts prepared with either (NH4)2CO3 or K2CO3 is for ZnO,
and the lowest areal rate among the catalysts prepared with
(NH4)2CO3  is observed for Cr/Zn = 11.9 and Cr2O3.  Although the
limited analysis herein cannot preclude the formation and presence
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Figure 3.  Specific activity of (�) K-free and (�) K-containing
Cr2O3/ZnO catalysts for CH3OH synthesis as a function of catalyst
Cr/Zn content.

of active sites for methanol synthesis on the Cr2O3/ZnO catalysts that
do not exist on either Cr2O3 or ZnO, the data indicate that, if they
exist, they do not likely possess an intrinsic activity for methanol
synthesis that exceeds the activity of sites present on the partially
reduced ZnO surface.

Table 2.
Cr2O3/ZnO catalyst performance for CH3OH synthesis.

(T=320±2oC, P=34.1±0.2 atm, N2/H2/CO=1/2/1, GHSV =5134±263
cm3/h∙gcat)

Cr/Zn
(Actual)

CO
Conversion

(%)

Specific
Activity

(µµµµmol/s∙gcat)

Areal
Rate

(µµµµmol/min∙m2)

Methanol
In Product

(wt%)

0.00 1.65 0.24 ± 0.01 2.72 97.8±0.1
0.10 2.98 0.50 ± 0.02 1.76 97.5±0.3
0.25 3.14 0.50 ± 0.03 1.57 97.5±0.2
0.39 4.13 0.68 ± 0.06 2.15 97.8±0.4
0.59 3.67 0.55 ± 0.02 1.32 96.7±0.4
1.86 2.72 0.46 ± 0.04 1.01 97.1±0.9
11.9 0.86 0.14 ± 0.04 0.45 96.5±0.7
2940 0.71 0.11 ± 0.02 0.46 91.6±0.3

Table 3.
K/Cr2O3/ZnO catalyst performance for CH3OH synthesis.

(T=320±1oC, P=34.0±0.2 atm, N2/H2/CO=1/2/1, GHSV =5168±196
cm3/h∙gcat)

Cr/Zn
(Actual)

CO
Conversion

(%)

Specific
Activity

(µµµµmol/s∙gcat)

Areal
Rate

(µµµµmol/min∙m2)

Methanol
In Product

(wt%)

0.00 1.12 0.187±0.014 2.74  96.8 ± 0.3
0.13 0.31 0.052±0.003 0.94 74 ± 3
0.24 0.16 0.026±0.003 0.87 68 ± 6
0.40 0.09 0.015±0.002 1.80 42 ± 3
0.59 0.14 0.022±0.001 0.17 60 ± 4
1.96 0.06 0.010±0.006 0.25 67 ± 12
14.6 0.03 0.004±0.001 1.50 34 ± 6
1540 0.04 0.006±0.001 --- 28 ± 3

Therefore, application of Occam’s razor permits, to a first
approximation, the expression of global reaction rates on a specific
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activity basis as a linear combination of the intrinsic areal rates of the
pure component oxides:

32OCrZnOTotalZnOZnOg r)SS(rSr −+=

where rg is the observed global reaction rate (µmol/s∙gcat), rZnO is the
intrinsic areal rate for ZnO (0.045 µmol/s∙m2), 

32OCrr is the intrinsic

areal rate for Cr2O3 (0.008 µmol/s∙m2), SZnO is the surface area of
ZnO, and STotal is the total catalyst surface area measured via BET.
Surface areas for ZnO in the Cr2O3/ZnO catalysts prepared via co-
precipitation with (NH4)2CO3 were calculated from this relationship
using experimental values for rg, rZnO, 

32OCrr , and STotal; see Table 4.

The results support the early hypothesis by Cryder and Frolich,9 and
indicate that the increase in the specific activity for CH3OH synthesis
observed for the Cr2O3/ZnO catalysts (for Cr/Zn ≤ 1.86) is due
primarily to the increase in accessible ZnO surface area (Table 4).  In
addition, the results indicate that the observed decrease in specific
activity for the Cr2O3/ZnO catalysts with Cr > 2 is likely due to the
predominance of Cr2O3 on the catalyst surface.

Table 4.  Estimated ZnO surface area in Cr2O3/ZnO catalysts.
S (m2/g)

Cr/Zn Total ZnO Cr2O3

0.00 5.3 5.3 0.0
0.10 17.0 9.8 7.2
0.25 19.1 9.4 9.7
0.39 19.0 14.2 4.8
0.59 24.9 9.5 15.4
1.86 27.2 6.7 20.5
11.9 18.7 0.0 18.7
2940 14.4 0.0 14.4

Summary
Several Cr2O3-ZnO catalysts prepared via co-precipitation with

(NH4)2CO3 were characterized by XRD, BET and activity for
methanol synthesis at 593 K.  Data reveal that addition of chromium
to ZnO up to a level of Cr/Zn = 1.86 decreased the volume-weighted
crystallite size of ZnO, increased the total catalyst surface area, and
increased the available surface area of ZnO.  It was also demonstrated
that the catalyst specific activities could be described well by a
simple linear combination of areal rate data for the pure component
oxides.  Although the limited analysis herein cannot preclude the
formation and presence of active sites for methanol synthesis on the
Cr2O3/ZnO catalysts that do not exist on either Cr2O3 or ZnO, the
data indicate that, if they exist, they do not likely possess an intrinsic
activity for methanol synthesis that exceeds the activity of sites
present on the partially reduced ZnO surface.  Therefore, there is
likely no true synergy is present between chromia and zinc oxide in
this catalyst system.  Qualitatively similar results were obtained for
catalysts prepared via co-precipitation with K2CO3.  However, the
presence of potassium in these catalysts induced hydrothermal
instability and reduced the surface area for both the catalyst and ZnO,
in comparison to the relatively K-free samples.
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Introduction 

Recent analyses by EPA1, 2 concluded that one of the highest 
priority needs of the Pulp and Paper industry is a new alternative to 
combustion (burning in power boilers and lime kilns using fossil fuels) 
and incineration (thermal oxidation systems operating at ~1500 oF) of 
concentrated process streams of totally reduced sulfur (TRS) 
compounds (H2S, CS2, CH3SH, CH3SCH3 and CH3SSCH3) as well as 
CO that are currently converted to SO2, CO2 and H2O.  Consequently, 
the toxic TRS and CO emissions from the pulp and paper mills are 
converted to an undesirable acid rain precursor, SO2, and a major 
contributor to global warming, CO2, in very energy intensive non-
catalytic processes.  A novel catalytic process scheme has been 
developed to convert the by-products from the pulp and paper mills 
(TRS compounds, SO2, CO and CO2) to valuable chemical 
intermediates (CH3OH, H2CO and H2SO4) that are consumed in the 
Pulp and Paper Industry.  A key catalytic intermediate reaction step in 
the catalytic process scheme is the selective catalytic oxidation of C1-
organosulfur compounds: 

 
 COS     +        O2 Å   CO     +  SO2                          [1] 

         CS2      +  5/2 O2 Å   CO     +  2 SO2                     [2] 
         CH3SH +    2 O2  Å   H2CO +  SO2 + H2O      [3] 

 
These reactions are the subject of this paper. The objective of the 
current studies is to establish the fundamental kinetics and mechanism 
of the selective oxidation of C1-organosulfur compounds (COS, CS2, 
and CH3SH) over sulfur-tolerant metal oxide catalysts.     
 
Experimental 

Catalyst Preparation. The catalysts used in this study were 
prepared by the incipient wetness impregnation method. This 
technique is described in detail elsewhere3-5.  The support materials 
used in this study are TiO2 (55 m2/g), ZrO2 (39 m2/g), Nb2O5 (55 
m2/g), CeO2 (36 m2/g), Al2O3 (γ, 180 m2/g), and SiO2 (300 m2/g). 
Concentrations of the supported metal oxides were all prepared to 
exhibit below monolayer coverage.  

Characterization.  In Situ Raman spectroscopy was performed 
with a system comprised of an Ar+ laser (Spectra Physics, model 
2020-50) set at 514.5 nm, and a Spex Triplemate spectrometer (model 
1877) connected to a Princeton Applied Research (model 143) OMA 
III optical multichannel photodiode array detector.  Samples were 
dehydrated by heating to 300 °C prior to any analyses. The entire 
procedure was performed in flowing oxygen to achieve complete 
oxidation of the catalyst.  The reactivities of the catalysts were 
obtained from an isothermal fixed-bed reactor system operating at 
atmospheric pressure. The feed gas contained 1000 ppm of the 
reactant (COS, CS2, or CH3SH), 18% O2 in He balance, and was 
introduced into the reactor at a flow rate of 150 ml/min.  Sample runs 
were performed between 200-450 oC.  Analysis of the reaction 
products was accomplished using a FTIR, (model #101250 Midac) or 
an on-line gas chromatograph (HP 5890A) equipped with a thermal 
conductivity detector (TCD) and a sulfur chemiluminescence detector 
(SCD 355, Sievers).  Temperature Programmed Surface Reaction 
Mass Spectrometry (TPSR-MS) was carried out with an AMI-100 

system equipped with an online mass spectrometer (Dycor 
DyMaxion).  The adsorption was performed between 35-100 oC using 
200 mg of catalyst and was ramped to 500 oC at a heating rate of 10 
oC/min in 5% O2/He or He at 30 mL/min.  
 
Results and Discussion 

Steady-state reactivity data showed that COS and CS2 are 
selectively oxidized to CO and SO2 over the sulfur tolerant supported 
vanadia catalysts via reactions [1] and [2] between 290-330 oC and 
230-270 oC, respectively.  CO selectivities as high as 98% and 90% 
were achieved for COS and CS2 oxidation, respectively.  The major 
byproduct from CS2 oxidation is COS, which can be further 
selectively converted to CO via reaction step [1].  For the selective 
oxidation of CH3SH to H2CO and SO2 via reaction [3] over a series of 
redox supported metal oxide catalysts (supported vanadia, molybdate, 
tungstates and niobates) also did not exhibit deactivation and were 
sulfur tolerant.  The most selective catalysts for reaction step [3] 
between 350-400 oC were vanadia supported on ZrO2, TiO2 and SiO2 
(in the 84-89% range at high conversions).   
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Figure 1.  Variation of the TOF with the oxide support for COS and 
CS2 oxidation at 330°C and 260°C, respectively, over supported 
vanadia catalysts with monolayer coverage. 

 

Raman spectroscopy revealed that the supported metal oxide 
phases were 100% dispersed on the oxide substrate. Thus, the 
exclusive presence of surface metal oxide species allowed the 
determination of the number of active sites in the catalyst samples 
since dispersion was 100 %. As shown in Figure 1 for monolayer 
surface vanadia coverage, where the oxide support cations are 
essentially not exposed to the reactant gases and are covered by the 
vanadia overlayer, the turnover frequencies (TOF: Activity per surface 
metal atom based on the yield of CO) for COS and CS2 oxidation 
varied about one order of magnitude with the specific oxide support 
(CeO2 > ZrO2 > TiO2 > Nb2O5 > Al2O3 ~ SiO2).  A similar 
phenomenon is shown in Figure2 for TOFs (based on the yield of 
H2CO) during CH3SH oxidation over supported vanadia catalysts at 
350 oC. The TOFs varied within one order of magnitude (TiO2 > ZrO2 

~ Nb2O5 > Al2O3~SiO2).  These trends are inversely correlated with 
the electronegativity of the support cation in the bridging V-O- 
Support bond and suggests the bridging V-O-Support bond being the 
active site for these reactions since Raman revealed that the terminal 
V=O bonds were essentially the same in these supported vanadia 
catalysts6.  Furthermore, all three reactions exhibited a zero-order 
dependence on the oxygen partial pressure  
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Figure 2.  Variation of the TOF with the oxide support for CH3SH 
oxidation at 350°C over supported vanadia catalysts (1% V2O5). 
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(0.5-20%) and a first-order dependence on the COS/CS2 /CH3SH 
partial pressures (<1%, due to safety concerns), which suggest that 
the surface vanadia species is essentially fully oxidized under the 
investigated reaction conditions. The apparent activation energies for 
COS, CS2 and CH3SH oxidation over the supported vanadia catalysts 
were found to be ~10, ~6 Kcal/mol and 17 Kcal/mol, respectively. 

                   
Figure 3.  TPSR-MS profiles after COS adsorbed at 100 

o
C on the 

5% V2O5/TiO2 catalyst, under 5% O2/He flow. 
 

The desorption spectra of CO and SO2 are shown in Figure 3 
from the 5% V2O5/TiO2 catalyst following COS adsorption at 100 oC. 
The simultaneous desorption of CO and SO2 suggests that the 
oxidation of COS proceeds via the rate-determining step involving 
cleavage of the C-S bond. The slight delay in the production of SO2 is 
consistent with this conclusion since the remaining S(ads) requires the 
addition of two oxygen atoms. The above suggests the following 
mechanism for COS oxidation to CO and SO2 over the 5 % 
V2O5/TiO2 catalyst.  
               COS    ↔ COS(ads) [4] 
 COS(ads)   → CO  +  S(ads) [5] rds 
 S(ads)    + O(ads)   → SO(ads)  [6] 
 SO(ads) + O(ads)   → SO2  [7] 
 

                   
Figure 4.  TPSR-MS profiles after CS2 adsorbed at 35 

o
C on the 5% 

V2O5/TiO2 catalyst, under 5% O2/He flow. 
 

The desorption spectra of COS and SO2 are shown in Figure 4 
from the 5% V2O5/TiO2 catalyst following CS2 adsorption at 35 oC.  
The presence of the COS species in the desorption spectra suggests 
CS2 is oxidized to CO and SO2 via the formation of COS as an 
intermediate species.  Steady-state data obtained at low conversions 
also confirmed the presence of COS formation.  In view of these 
findings the following mechanism is proposed for CS2 oxidation. 
 
 CS2        +  O(ads)    ↔       CS2O(ads)                [8] 
 COS2(ads)    →       COS + S(ads)          [9] rds 
 S(ads)    +  O(ads)    →       SO(ads)                 [10] 
 SO(ads) +  O(ads)     →       SO2                 [11] 
  
The further oxidation of COS to CO and SO2 proceeds via reaction 
steps [4-7].  From comparison of the CH3SH and CH3OH TPSR 
desorption profiles in Figures 5 and 6, the peaks for H2CO appear at 
the exact same temperature suggesting H2CO is produced via the 
same surface reaction intermediate from both CH3SH and CH3OH. 

The above suggests the following mechanism for reaction [3] over the 
1 % V2O5/TiO2 catalyst.   
 

CH3SH     +  O(ads)    ↔    CH3S(ads)  +   OH(ads)     [12] 
       CH3S(ads) +  O(ads)    →    CH3SO(ads)                       [13] 
       CH3SO(ads)                 →     CH3O(ads)  +   S(ads)        [14] 
       CH3O(ads)                    →     H2CO         +   H(ads)       [15] rds 
       H(ads)       +  OH(ads)  ↔     H2O                                  [16] 
       S(ads)       +   O(ads)    →    SO(ads)                            [17] 
       SO(ads)    +    O(ads)    →    SO2                                 [18]  

 
The dissociative adsorption of CH3SH to CH3S(ads) and 

OH(ads), reaction step [12], was revealed by desorption of 
CH3SSCH3 into the gas phase during the adsorption step at 100 oC.  
All TPRS experiments repeated in the absence of flowing gas phase 
oxygen gave the same product desorption peaks, which demonstrate 
that the oxygen involved in the surface reaction steps [4-18] is oxygen 
from the surface vanadia species.  
 

 
Figure 5.  TPSR-MS profiles after CH3SH adsorbed at 100 

o
C on the 

1% V2O5/TiO2 catalyst, under 5% O2/He flow. 
 

                        
Figure 6.  TPSR-MS profiles after CH3OH adsorbed at 100 

o
C on the 

5% V2O5/TiO2 catalyst, under 5% O2/He flow. 
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Introduction 

Because of the potential use of dimethyl ether as a substituted 
diesel fuel, methanol synthesis from CO/H2 (syngas) is one of 
attractive technologies for the production of high-quality 
transportation fuels. Cu/Zn-type catalyst is currently applied for the 
industrial methanol production using a feed containing both syngas 
and CO2.1 For a feed containing only the syngas, reduced Pd 
catalysts show a high activity. The turnover frequency of reduced 
Pd/CeO2 at 443 K and 3.0 MPa has been reported to be equivalent to 
that of Cu/Zn catalyst at 523 K and 5.1 MPa from CO/H2/CO2 feed.2 

To develop methanol synthesis catalysts with a sulfur tolerance, 
authors investigated CO hydrogenation activity of various transition 
metal sulfides and found that Rh17S15

3 and Pd16S7
4 yield methanol 

from the syngas feed even in the presence of H2S. In the absence of 
H2S, the space-time yield (STY) of methanol obtained with Rh17S15 
reached 800 g/kg-cat/h at 593 K and 5.1 MPa, which is comparable 
with that obtained with a commercial Cu/Zn/Al catalyst at 523 K and 
5.1 MPa from CO/H2/CO2 feed. Pd16S7, on the other hand, yielded 
only 77 g/kg-cat/h of methanol at 613 K and 5.1 MPa. To improve 
the methanol synthesis activity of Pd sulfide, authors investigated the 
activity of Pd sulfide supported on various metal oxides and found 
that SiO2 is most effective support among the metal oxides examined. 
The STY of methanol obtained with sulfided Pd/SiO2 was 1.6 times 
higher than that obtained with Pd16S7. Besides, the STY of methanol 
obtained with SiO2 supported Pd sulfide changed depending on the 
kinds of SiO2.5 It was suggested that alkaline and alkaline earth metal 
impurities in SiO2 act as promoters. 

Thus, to improve the methanol synthesis activity of Pd sulfide 
further, the present work investigated effects of alkaline, alkaline 
earth or lanthanoid metal additives on the activity of SiO2 supported 
Pd sulfide. DRIFT measurements under the reaction conditions were 
also performed to make clear active adsorbed species formed on SiO2 
supported Pd sulfide. 
 
Experimental 

Catalyst preparation. Precursor materials for SiO2 supported Pd 
sulfide with or without the additive were prepared by the 
impregnation method. SiO2 supported Pd oxide was prepared by 
impregnating pre-calcined SiO2 powder (Fuji Silysia, 560 m2/g) with 
an aqueous Pd(NH3)4(NO3)2 solution followed by drying and 
calcination (Pd/SiO2). A weight ratio of Pd (as metal) to SiO2 was 
0.045. Then, Pd/SiO2 with the additive was prepared by impregnating 
Pd/SiO2 with an aqueous M(NO3)x solution (M: Li, K, Cs, Mg, Ca, 
Sr, Ba, La or Nd) followed by drying (M-Pd/SiO2 (D)). M/Pd atomic 
ratio was varied in a range from 0.1 to 1.0. To examine effects of 
calcination, part of M-Pd/SiO2 (D) was calcined (M-Pd/SiO2 (C)). 

Activity measurement. The precursor material thus prepared was 
charged into a stainless steel reactor and was sulfided in a stream of 
H2S 5%/H2 at 673 K. The cumulative amount of H2S fed during the 
sulfiding pretreatment was 160 mol-H2S/mol-Pd. Methanol synthesis 

was then performed using the syngas feed (CO 33%/H2 62%/Ar). 
Cu/Zn/Al catalyst supplied by ICI Corp. was also used as a reference. 

DRIFT measurement. To obtain DRIFT spectra of adsorbed 
species formed under the high-pressure reaction conditions, DRIFT 
chamber equipped with ZnSe window (Spectra-Tech Inc.) was 
utilized in the present work. After the sulfidation of the precursor 
material in the chamber, methanol synthesis was performed at 613 K 
and 5.1 MPa using the same feed as that employed for the activity 
measurements. DRIFT spectra were recorded on FTS 6000 
spectrometer (Digilab) with a resolution of 4 cm-1 and accumulation 
of 128. 

 
Results and Discussion 

Methanol synthesis was performed at 613 K, 5.1 MPa and 20 m3 

(STP)/kg-cat/h using sulfided Pd/SiO2 and sulfided M-Pd/SiO2 (D) 
having M/Pd atomic ratio of 0.5. Methanol, CH4 and CO2 were 
formed under these conditions. The products obtained with sulfided 
Pd/SiO2 and sulfided M-Pd/SiO2 (D) (M: Mg, Ca, Sr, La or Nd) were 
mainly composed of methanol while the remainder of the catalysts 
mainly yielded methane. Methanol selectivity of sulfided Pd/SiO2 
and M-Pd/SiO2 (D) (M: Mg, Ca, Sr, La or Nd) was 90 mol% and 60-
70 mol%, respectively. Figure 1 shows the STY of methanol 
obtained with these catalysts. The STY of methanol obtained with 
sulfided M-Pd/SiO2 (C) is also shown in Figure 1. Except for K and 
Cs additives, all the additives examined here show promoting effects. 
Especially, the higher STY is obtained with the sulfides containing 
Ca, Sr, La or Nd additive. The calcination of the precursor material 
increases the activity slightly in the case of sulfided Sr-Pd/SiO2. 
Among the catalysts examined here, the maximum STY is obtained 
with sulfided Ca-Pd/SiO2 (D), which is about 4 times higher than that 
obtained with sulfided Pd/SiO2. 
 

 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1. STY of methanol obtained with sulfided Pd/SiO2 (   ), 
sulfided M-Pd/SiO2 (D) (  ) and sulfided M-Pd/SiO2 (C) (  ): Reaction 
conditions, CO 33%/H2 62 %/Ar, 613 K, 5.1 MPa, 20 m3 (STP)/kg-
cat/h. 
 

 Then, methanol synthesis was performed using sulfided Ca-
Pd/SiO2 (D) at 5.1 MPa and 30 m3 (STP)/kg-cat/h in a temperature 
range from 473 K to 613 K. The STY of methanol increases with 
increasing the temperature from 473 K to 593 K and was 700 g/kg-
cat/h at 593 K. For comparison, the commercial Cu/Zn/Al catalyst 
was also subjected to the reaction. Cu/Zn/Al catalyst yielded 900 
g/kg-cat/h of methanol at 523 K, 5.1 MPa and 6.0 m3/kg-cat/h from 
CO/H2/CO2 feed. Thus, at the higher reaction temperature and gas-
hourly space velocity, the STY of methanol obtained with sulfided 
Ca-Pd/SiO2 (D) reaches 80% of that obtained with the commercial 
Cu/Zn/Al catalyst. 

To make clear active species on sulfided Ca-Pd/SiO2 (D), DRIFT 
spectra were recorded as a function of time when sulfided Ca-
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Pd/SiO2 (D) was exposed to the stream of the syngas at 613 K and 
5.1 MPa (Figure 2). The spectra show IR bands at 1820, 1600, 1450, 
1270, 1110, 1062, 1031, 1007 and 957 cm-1. A shoulder band is also 
visible at 1304 cm-1. The bands at 1062, 1031 and 1007 are assigned 
to C-O stretching vibration of the gas-phase methanol while the 
shoulder band at 1304 cm-1 is assigned to C-H bending vibration of 
the gas-phase methane. The appearance of the bands due to the gas-
phase methanol clearly indicates that methanol synthesis takes place 
in the chamber. 
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Figure 2. DRIFT spectra of sulfided Ca-Pd/SiO2 (D) under the high-
pressure methanol synthesis conditions as a function of time-on 
stream (from top to bottom, t=0, 5, 30, 93 min): The arrow indicates 
the IR bands due to the gas-phase methanol. 
 

To facilitate assignments of the remainder of the bands observed 
during methanol synthesis, the catalyst temperature was reached 
down to 298 K under the high-pressure syngas flow and then the 
pressure of the syngas flow was reached down to 0.3 MPa followed 
by the flushing with helium. Although the bands of the gas-phase 
methanol, methane and CO completely disappeared, the bands at 
1600, 1425 and 1270 cm-1 were still visible in the spectrum recorded 
under these conditions. IR bands were also visible at 2060 and 1925 
cm-1, which are assigned to C-O stretching vibration of adsorbed CO 
species. Thus, the bands at 1600, 1425 and 1270 cm-1 observed 
during methanol synthesis originate from adsorbed species, not the 
gas-phase products. Several authors have reported that IR bands of 
adsorbed formate species are observed when a reduced Na-Pd/SiO2

6 
or reduced PdCu/KL7 is exposed to the stream of the syngas at 
elevated temperatures. The formate species shows IR bands at 1600-
1550 cm-1, 1400-1380 cm-1, 1380-1340 cm-1 and 1090-1060 cm-1.8 
The bands at 1600, 1425 and 1270 cm-1 observed during methanol 
synthesis, therefore, are not due to the adsorbed formate species. 
Except for the bands of the gas-phase methanol and methane, all the 
bands appeared in the spectra in Figure 2 were also observed when 
sulfided SiO2 was exposed to the stream of the syngas at 613 K and 
5.1 MPa. This observation indicates that the bands at 1600, 1425 and 
1270 cm-1 observed during methanol synthesis originate from some 
kinds of adsorbed species formed on SiO2 and this species is not 
involved in the formation of methanol. 

Then, attention was given to the nature of the adsorbed CO 
species. As mentioned above, IR bands of the adsorbed CO species 
appear at 2060 and 1925 cm-1 when sulfided Ca-Pd/SiO2 (D) is 
exposed to the stream of helium after methanol synthesis.  From the 
literature data,8 these bands are assigned to CO species linearly 

adsorbed on Pd0 sites (2060 cm-1) and CO species adsorbed on Pd0 
sites in the form of bridge (1925 cm-1), respectively. To investigate 
the reactivity of these adsorbed CO species toward hydrogen, helium 
flow was replaced by hydrogen flow. The catalyst temperature was 
then ramped from 298 to 613 K at the rate of 10 K/min. DRIFT 
spectra were recorded at each temperature (Temperature 
Programmed Surface Reaction, TPSR). The pressure of hydrogen 
flow was maintained at 1.6 MPa during the TPSR. The obtained 
spectra are shown in Figure 3. With increasing the temperature, the 
intensities of the bands of the adsorbed CO species decrease and 
disappear at the temperature above 473 K, which is accompanied 
with the increase of the intensities of the bands at 1271, 1099 and 
950 cm-1. Careful inspections of the spectra also show the appearance 
of the bands due to the gas-phase methanol at 1062, 1031 and 1007 
cm-1.  

 

 

 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3. DRIFT spectra of sulfided Ca-Pd/SiO2 during the TPSR 
(from top to bottom, T=303, 323, 343, 373, 393, 423, 473, 523, 573, 
613 K): The arrow indicates the IR bands due to the gas-phase 
methanol.  
 

The intensities of the bands at 1271, 1099 and 950 cm-1 increase 
with increasing the temperature until it reaches 613 K while those of 
the bands due to the gas-phase methanol showed the maximum at 
around 400 K. This indicates that the adsorbed CO species observed 
after methanol synthesis react with hydrogen to form the gas-phase 
methanol during the TPSR. It is suggested that Pd0 sites are formed 
on sulfided Ca-Pd/SiO2 under methanol synthesis conditions and CO 
species adsorbed on these sites is hydrogenated to yield methanol. 
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Introduction 

Diethyl carbonate is a potential oxygen-containing additive for 
gasoline and diesel fuel to reduce pollutant emissions.  Previous 
studies using a similar compound, dimethyl carbonate (DMC), as an 
oxygenate have shown reduction of carbon monoxide,1 oxides of 
nitrogen,2 hydrocarbons,3 and particulate matter.4  Our own research 
efforts5 indicate that 5 wt. % DEC in diesel fuel can reduce the 
emission of particulate matter by as much as 50%.  Additional factors 
make DEC an attractive oxygen-containing fuel additive, namely, its 
high oxygen content (40.6 wt. %), and more favorable gasoline/water 
distribution coefficient3 when compared with ethanol or DMC.  When 
in contact with soil, DEC should slowly decompose into ethanol and 
carbon dioxide,6 two compounds with little or no environmental 
impact. 

One promising method of producing DEC on an industrial scale 
is the oxidative carbonylation of ethanol using a heterogeneous 
catalyst.  The overall reaction is: 
 

O2H  2C(OEt)O 
2Pd/2Cu

2O
2

1
  CO  EtOH 2 +=

++
++  →  

 
Previous studies5 conducted with a batch reactor indicate an 
improvement in the yield of DEC when the CuCl2/PdCl2/activated 
carbon catalyst is treated with KOH after the support is loaded with 
the chloride salts.  This post-treatment creates an additional phase of 
copper, atacamite, which creates a more active catalyst.7 

Batch reactor studies5 cannot predict the behavior of the 
chemical reaction due to the static nature of the system. Thus, studies 
employing a pulse-quench-flow reactor were conducted using the 
most active catalyst determined from the batch reactor experiments.  
These experiments have increased our understanding of the chemical 
reaction and may lead to the development of better catalysts. 
 
Experimental 

Pulse-quench-flow reactor.  The reactor design was based on a 
previously published report8 and consisted of three mass flow 
controllers (MKS) to deliver the gaseous reactants (CO and O2) and 
N2 carrier gas.  The ethanol, with a 5 wt. % toluene internal standard, 
was delivered at a constant rate with a syringe pump (Isco) equipped 
with a preheater to ensure the ethanol was in the gas phase.  The 
reactor consisted of a 5 inch long, ¼ inch id stainless steel tube, 
plugged at both ends with glass wool to contain the catalyst, and 
wrapped with a rope heater.  A thermocouple was placed inside the 
catalyst bed for accurate temperature control.  A backpressure 
regulator located downstream of the catalyst bed maintained pressure 

inside the system and the sampling port for the GC/MS was located 
on the low pressure side of the regulator.  All components of the 
reactor were heated to maintain the reactants and products in the gas 
phase at all times.  The GC/MS sampling line was also heated to 
prevent condensation. 

Catalyst Preparation.  The catalyst was prepared by dissolving 
suitable amounts of CuCl2 and PdCl2 in approximately 500 mL of 
methanol and adding sufficient activated carbon (Darco, 20-40 mesh) 
to yield 3 wt. % Cu and 0.25 wt. % Pd, both measured as metals.  The 
mixture was refluxed for four hours to impregnate the carbon support 
and the methanol was removed by vacuum distillation.  The catalyst 
was dried in a vacuum oven at 80 oC overnight.  The catalyst was then 
treated with a methanolic solution of KOH, refluxed, vacuum distilled, 
and dried overnight.  A fresh 2.00 g sample of the catalyst was loaded 
into the reactor for each experiment to ensure that any effects 
observed were due to the chemical reaction and not from catalyst 
deactivation. 
 
Results and Discussion 

The catalyst used for all of the studies consisted of 
CuCl2/PdCl2/KOH supported on activated carbon.  This catalyst has 
proven to be more active5 than those prepared without PdCl2, with 
other copper salts (Cu(NO3)2, Cu(CH3COO)2, etc), with other 
hydroxide sources (NaOH, Ca(OH)2, etc), or on other supports 
(alumina, silica, etc).  Even with the most active catalyst, the reaction 
is quite slow, such that long residence times must be used to produce 
a suitable amount of DEC for GC/MS detection.  The continuous flow 
reactor allows for simple adjustment of the residence time by 
modifying the flow rate of the N2 carrier gas.  The influence of 
residence time on DEC production is presented in Figure 1 which 
shows the conversion of ethanol into DEC reaches a maximum of 
12.5% at τ=17.4 s.  Shorter residence times simply result in less DEC 
produced, and the selectivity for DEC remains constant at 100%.  No 
additional products were detected in the GC/MS; however, 
conversion of CO into CO2 was not considered. 
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Figure 1.  Influence of residence time on production of DEC.  
Conditions:  2.0 g catalyst, 3.2 standard cubic centimeters per minute 
(sccm) O2, 48 sccm CO, 1.2 mL/hr ethanol (as liquid), 150 oC, 100 
psig. 

 
The reaction temperature was varied between 120 oC and 180 oC 

with five residence times and the results are presented in Figure 2.  
The two smallest residence times (1.44 s and 2.89 s) show very little 
temperature dependence presumably due to the short contact time 
with the catalyst, while the other three contact times show a linear 
dependence on the reaction temperature.  No other organic products 
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were detected, thus the selectivity for DEC remained essentially 
constant at 100%.  The maximum conversion of DEC reached almost 
18% at 180 oC with 17.4 s contact time, and based on these data, 
further improvements may be possible with even higher temperatures. 
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Figure 2.  Impact of reaction temperature on the production of DEC.  
Conditions:  2.0 g catalyst, 3.2 sccm O2, 48 sccm CO, 1.2 mL/hr 
ethanol (as liquid), 100 psig. 
 

The flow rate of CO into the reactor showed unexpected 
behavior.  As seen in Figure 3, the relationship between CO flow rate 
and production of DEC is not linear, but shows three distinct regions. 
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Figure 3.  Influence of CO flow rate on conversion of ethanol to 
DEC.  Conditions:  2.0 g catalyst, 3.2 sccm O2, 1.2 mL/hr ethanol (as 
liquid), 150 oC, 9.61 s contact time. 

 
In the region where CO is the limiting reactant, DEC production is 
independent of the flow rate of CO.  Since the calculation of DEC 
conversion is based on the limiting CO reactant, this region indicates 
that a simple chemical equilibrium has been established.  The ratio of 
DEC to CO is constant.  At CO flow rates between 4 and 35 sccm, 
the results still indicate a simple chemical equilibrium because 100% 
conversion is based on ethanol rather than CO, as in the previous case.  
At CO flow rates above 35 sccm, the reaction has reached saturation 
in which all of the accessible catalytic sites are occupied by a CO 
molecule, and the yield is controlled by kinetics rather than by 

equilibrium. 
The flow rate of ethanol was varied from 1.2 to 9.5 mL/hr while 

maintaining all other experimental parameters.  The results can be 
seen in Figure 4.  Rather than show simple chemical equilibrium as 
noted above, an additional product, diethoxymethane (DEM), is 
formed when ethanol is in stoichiometric excess.  Since the amount of 
DEM increases independently of the amount of DEC, the reaction 
which produces DEM must be independent from the DEC reaction, 
not a sequential mechanism. 
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Figure 4.  The impact of ethanol flow rate on DEC yield.  Conditions:  
2.0 g catalyst, 3.0 sccm O2, 6.0 sccm CO, 150 oC, 9.61 s contact time. 
 
Conclusions 

Diethyl carbonate can be produced with high selectivity using a 
CuCl2/PdCl2/KOH catalyst supported on activated carbon.  The 
reaction behaves as predicted with respect to temperature and contact 
time, but unusual effects have been observed when the flow rate of 
CO and ethanol are varied.  The reaction reaches kinetic saturation 
when CO is present in large excess, and when ethanol is in excess, the 
formation of a byproduct is favored. 
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Introduction
Over 6 million tons of aldehydes are produced annually by

homogeneous catalytic hydroformylation of olefins. The shares of
various aldehydes are C3 (2%), C4 (73%), C5-C13 (19%) and C13-C18

(6%).1 The catalysts are of the form HxMy(CO)zLn; the two transition
metals utilized are rhodium and cobalt and the most commonly
utilized ligands are phosphines (PR3 where R=C6H5 or n-C4H9).
Production of C4 aldehydes from hydroformylation of propene are
dominated by rhodium based catalysts whereas higher aldehydes are
produced mainly by catalysts based on cobalt. Since rhodium is about
10,000 times more active than cobalt, processes based on Rh
catalysts operate at significantly lower temperatures and pressures
than processes based on Co catalysts.  For example, the UCC liquid
recycle process for hydroformylation of propene which uses
HRh(CO)(P(C6H5)3)3 operates in the temperature range 85-90 oC and
at 18 bar. On the other hand, the BASF process for hydroformylation
of 1-octene which uses HCo(CO)4 operates in the temperature range
160-190 oC and in the pressure range 250-300 bar. Therefore,
substantial savings in operating and capital costs can be achieved if
hydroformylation of higher olefins are conducted using Rh based
catalysts.

One of the difficulties associated with switching to Rh is
the difficulty of the separation of products and catalyst by distillation
of the aldehydes. The high boiling points of aldehydes beyond C7

makes such an operation impractical even under reduced pressure due
to thermal stability considerations for the catalyst. A relatively recent
development in this field has been the commercialization of a
biphasic hydroformylation process by RCH/RP.1 In this process, the
hydroformylation reaction is conducted in the aqueous phase using
water-soluble rhodium complexes as catalysts, thus eliminating the
problem of separating the catalyst from the product mixture. The
process is utilized for production of C4 and C5 aldehydes, however
application of this concept to higher olefins is highly unlikely due to
extremely low solubilities of higher olefins in water. An alternative
may be to utilize supercritical fluids as solvents in hydroformylation
reactions.

A supercritical fluid (SCF) is a fluid that has been heated and
compressed above its critical temperature and pressure. At these
conditions, SCFs have densities that are greater than those of gases
but comparable to those of liquids, which enable them to function as
solvents. Using SCFs as solvents may have great advantages in
catalyst recovery. The solubility of solutes in SCFs are strong
functions of temperature and pressure in the vicinity of the critical
point. Therefore, the catalyst, products and reactants may be
separated in an efficient manner through temperature and/or pressure
programming. Among the SCFs, supercritical carbon dioxide (scCO2)
is particularly attractive as a solvent since it is non-toxic,
environmentally acceptable, cheap, readily available in large
quantities and has a low critical temperature and a moderate critical
pressure. It is non-flammable unlike some other SCFs such as ethane

and propane, thus its use does not constitute a safety hazard. Today,
there are many scCO2 extraction plants operating around the world
thereby indicating the technical and economical feasibility of carbon
dioxide based processes. In this preprint we report the results of our
investigations of hydroformylation of higher olefins in scCO2 using
HRh(CO)L3 where L is a fluoroalkyl- or fluoroalkoxy-substituted
arylphosphine.

Experimental
Experimental apparatus. A schematic diagram of the

experimental apparatus is given in Figure 1. Hydroformylation
reactions were conducted batchwise in a custom manufactured, 51.5
mL stainless steel reactor fitted with two sapphire windows (1'' ID,
Sapphire Engineering, Inc.), poly-ether-ether-ketone o-rings (Valco
Instruments, Inc.), a T-type thermocouple assembly (Omega
Engineering, DP41-TC-MDSS), a pressure transducer (Omega
Engineering, PX300-7.5KGV), a vent line, and a rupture disk
assembly (Autoclave Engineers). The reactor rests on a magnetic stir
plate and heated to appropriate temperatures by a circulating heater
(Fisher Scientific) via a machined internal heating coil. The reactor is
pressurized with CO2 from a syringe pump (ISCO, 260D) equipped
with a cooling jacket to the desired reaction pressure. Samples can be
obtained via a sampling loop with the arrangement shown below. A
high-pressure-high temperature FTIR sampling head can be screwed
through the reactor body to reach inside the reactor.

Catalysts preparation and the hydroformylation
experiments. All the phosphines were synthesized from the
corresponding perfluoroalkyl- or perfluoroalkoxy-substituted aryl
bromides as described earlier.2  The different forms of the catalyst
HRh(CO)L3 were formed in situ under hydroformylation conditions
from Rh(CO)2(acac) and the specified ligand. For each
hydroformylation experiment, Rh(CO)2(acac) (0.65 x 10-5 mol),
ligand (2.0 x 10-5 mol), and 1-octene (0.054 mol) were charged to the
reactor under nitrogen. The reactor was then sealed, heated to
reaction temperature (50 oC), and charged with H2/CO (0.055 mol
each). Finally, CO2 was charged to the reactor, bringing the total
pressure to 273 atm. Periodic samples taken during each reaction
were analyzed by gas chromatography.

Results and Discussion.
We synthesized and characterized several fluoroalkyl- or

fluoroalkoxy-substituted arylphosphines and investigated the effect of
ligand modification for homogeneous hydroformylation of 1-octene
in scCO2. The variation of 1-octene concentration with time for all
the different phosphines are given in Figure 2.
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Figure 1. Schematic diagram of the experimental setup.



Fuel Chemistry Division Preprints 2002, 47(1), 145

The activity of the rhodium complex (formed in situ from
Rh(CO)2(acac) and L) increased with decreasing basicity of the
phosphine according to the series P[3,5-(CF3)2C6H3]3 > P(4-
CF3C6H4)3 ≈ P(3-CF3C6H4)3 > P(4-CF3OC6H4)3 > P[4-
F(CF2)4(CH2)3C6H4]3. Among the various catalyst systems, the initial
rates of reaction differed more than 5-fold between the fastest and the
slowest. The rate of hydroformylation correlated very well with the
IR stretching frequency of metal carbonyls, ν(CO), for the various
catalysts, showing a linear dependence. The ν(CO) is a sensitive
indicator of electron density at the metal center, yielding a relative
measure of the amount of π-backbonding from an occupied metal d-
orbital to the empty π*-orbital of the carbonyl. The trend in ν(CO)
corresponded well with the amount and proximity of the electron-
withdrawing fluoroalkyl or fluoroalkoxy groups of the phosphines,
with P[3,5-(CF3)2C6H3]3 having the greatest effect and P[4-
F(CF2)4(CH2)3C6H4]3 having the least effect relative to the value for
PPh3. The phosphines P(4-CF3C6H4)3 and P(3-CF3C6H4)3 showed
identical electronic behavior, and almost identical activity/selectivity
behavior, while P[3,5-(CF3)2C6H3]3, with a much higher ν(CO) value
also had a significantly higher activity. The results were in agreement
with an earlier report that the electronic effect of trifluoromethyl-
substitution is independent of ortho-, meta-, or para- placement, and
that the effects of multiple trifluoromethyl-substitutions are
cumulative.3 The ability of oxygen and methylene groups to insulate
against the electron-withdrawing effects of the fluoroalkyl moieties
could be observed for phosphines P(4-CF3OC6H4)3 and P[4-
F(CF2)4(CH2)3C6H4]3, where significant decreases in ν(CO) were
accompanied by 50% and 70% decreases in activity, respectively.
The results confirmed the observation by Leitner that methylene
spacers effectively insulated the phosphorus lone pair from the
electron-withdrawing effect of the fluoroalkyl chain,4 and also
showed that oxygen spacers exhibited a similar though less profound
effect. While these spacers are effective insulators, they actually
decrease the catalytic activity relative to “non-insulated” phosphines.

Extensive in situ FTIR studies were carried out for the catalyst
with the highest activity, the one with P[3,5-(CF3)2C6H3]3 as ligand.
The intermediates of the reactions of RhH(CO)[P(3,5-(CF3)2C6H3)3]3

1 with CO, H2, C2H4 and mixtures of these in dense carbon dioxide
were monitored. The results were compared to the behavior of the
conventional catalyst, RhH(CO)(PPh3)3 2, in organic solvents.5,6,7

Comparing the IR spectra of 1 in solid form with that in solution in

scCO2 at 50 oC and 115 bar (2039 and 1952 cm-1 vs. 2041 and 1964
cm-1), its concluded that RhH(CO)L3 1 does not dissociate in scCO2

like 2 does in organic solvents. This indicates a stronger metal-ligand
bond in 1 compared to 2. The strong bond could be attributed to a
strong π-backbonding from an occupied metal d-orbital to the empty
π*-orbital of the ligand caused by the high electronegative
trifluoromethyl groups attached to it. However, 1 was converted to
RhH(CO)2L2  3 and to [Rh(CO)2L2]2 4 in the presence of CO in
scCO2. When hydrogen was added to such mixture, RhH(CO)L2 5
was produced. The last three species (3,4, and 5) existed in
equilibrium with each other. Another strange behavior was noticed in
the reaction of 1 with an equimolar mixture of CO and H2. In the
presence of 1:1 mixture of CO/H2, 1 underwent ligand dissociation to
form RhH(CO)L2 5, however, the presence of equimolar H2

prevented further coordination of CO to form the dicarbonyl species
RhH(CO)2L2 3. In the presence of CO and C2H4, the peaks observed
in the acyl region and the terminal carbonyl region indicated the
formation of Rh(CO)2L2(COEt) 6. In the ethylene hydroformylation
reaction, 6 was observed again at 14 oC, however, its concentration
reduced as the reaction proceeded with heating. After the completion
of the reaction both RhH(CO)2L2  3 and RhH(CO)L2 5 co-existed in
the presence of excess CO/H2. After depressurizing the reaction
mixture, NMR spectra showed that most of the catalyst species,
presented in the reaction mixture, converted back to the original form
of 1. The carbonyl stretching frequencies of all of the rhodium-
carbonyl species were shifted to higher wave numbers due to a
reduction of electron density at the metal center by the CF3 groups.
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Introduction 

Polycarbonates (PCs) are excellent engineering thermoplastics 
and substitutes for metals and glass because of their good impact 
strength and transparency [1]. In recent years, there has been an 
increasing demand for safer and environmentally friendly processes for 
PC synthesis. Non-phosgene based processes have been proposed to 
replace the traditional phosgene process [2]. One such process is 
composed of the synthesis of diphenyl carbonate (DPC) followed by 
the transesterification between DPC and bisphenol A. Several 
alternative methods for DPC synthesis have been developed or 
proposed. Among them, the transesterification of dimethyl oxalate 
(DMO) and phenol via three-step reaction has been considered as one 
of possible routes for DPC synthesis from the raw materials such as 
carbon monoxide, phenol and oxygen [3-4]. In the first step, dimethyl 
oxalate is produced by carbonylation of methanol, as shown in 
equation (1), and in the second step, diphenyl oxalate (DPO) is 
obtained from transesterification of dimethyl oxalate and phenol, as 
shown in equation (2), and in the third step, the decarbonylation of 
DPO, as shown in equation (3), is carried out to produce DPC and by-
product carbon monoxide. 

OHCOOCHOOHCHCO 22323 )(2/122 +→++   (1) 

OHCHCOOPhPhOHCOOCH 3223 2)(2)( +→+   (2) 

COOPhCOCOOPh +→ 22 )()(                                      (3) 

Usually, the transesterification of DMO and phenol in reaction (2) 
is carried out in the liquid phase using homogeneous catalysts such as 
Lewis acid and soluble organic Pb, Sn, or Ti compounds [3-4]. But 
the separation of the catalysts from the products will be complicated 
when these catalyst systems are applied to the industrial process. 
There are few reports on the development of active heterogeneous 
catalysts for the reaction. Hence we report that the titanium silicate 
molecular sieve TS-1 is an excellent solid catalyst for this reaction. It 
is well known that TS-1 is active in a variety of oxidation reactions. 
Reported herein is a new aspect of TS-1 as an acid catalyst. 
 
Experimental 

The TS-1 obtained from SINOPEC Research Institute of 
Petroleum Processing were dried in an oven at 393K for 2h to remove 
the absorbed water and calcined at different temperature for 2h in the 
air. 

Ester change reactions were performed by mixing DMO, phenol 
and catalyst TS-1 1.8 g in a 250 ml glass flask equipped with a 
thermometer, a stirrer under refluxing conditions at atmosphere 
pressure. Identification and quantitative analysis of reaction products 
were carried out by a GC-MS spectrometer of HP 5890-HP5971MSD 
and a gas chromatograph equipped with a flame detector (FID). An 
OV-101 packed column was used to separate products for GC 
analysis. 

The specific surface areas of the catalysts were determined using 
a constant volume adsorption apparatus (CHEMBET-3000) by the N2 
BET method at the liquid nitrogen temperature. Powder X-ray 

diffraction (XRD) measurements were conducted on a MAC Science 
Co. Model D/Max-2500 X-ray diffractometer using a radiation source 
of Cu Kα at 40 kV and 100 mA with a scanning rate of 8° min-1.  
 
Results and Discussion 

In catalysts screening experiments, it was found that TS-1 is one 
of the most efficient catalysts for the transesterification of dimethyl 
oxalate and phenol. It was observed that methylphenyl oxalate (MPO) 
as an intermediate was produced, which is the same as the case with 
homogenous catalyst. It proved that DPO have been synthesized via a 
two-step reaction module from DMO and phenol since the direct 
synthesis of DPO is limited due to low equilibrium constants as the 
same as the transesterification of dimethyl carbonate and phenol. The 
first step, transesterification of DMO and phenol proceeds as shown in 
reaction (4) and formed MPO is disproportionated into DPO and 
DMO in reaction (5). 

OHCHPhOOCOOCHPhOHCOOCH 3323 )( +→+     (4) 

2323 )()(2 COOCHCOOPhPhOOCOOCH +→                (5) 

The selectivity of the MPO and DPO (%) are defined as the 
moles of MPO and DPO produced per 100 mole of consumed DMO, 
and the yield of the MPO and DPO (%) are obtained from 
multiplication of phenol conversion by MPO selectivity and DPO 
selectivity, respectively. 

It was observed that little by-products were anisole, which could 
be produced via methylation of phenol and DMO, when TS-1 was 
used in the ester change reaction of the DMO and phenol. The catalyst 
TS-1 performed significantly better than the other catalysts as shown 
in Table 1. The sum of the MPO selectivity and the DPO selectivity 
based on DMO of the catalyst TS-1 could reach 97.5% when the 
other catalyst only have 20~30%. Although the Ti(OC4H9)4 and AlCl3 
showed good activities according to the conversion of the DMO, but 
the selectivity to MPO and DPO are poor. When the Ti(OC4H9)4 was 
chosen as the catalyst of the transesterification of the DMO and 
phenol, the major by-products were n-butyl alcohol, n-butyl ether, 
butylphenyl oxalate and ethyl benzene, the selectivity to by-products 
was more than 76.5%. It was also observed the major by-products 
were anisole when the AlCl3 and MgCl2 as catalyst, the selectivity to 
anisole could reach 70%. Overall, the TS-1 was an efficient catalyst, 
giving a higher selectivity of MPO and little by-products were 
produced. However, the production of the DPO was much less than 
the MPO, indicating that DPO could not be obtained effectively 
through the disproportionation of MPO in the closed system.  
 

Table 1.  The Activities of the Different Materials 

Catalyst 
DMO 

conversion (%) 
MPO 

selectivity (%) 
DPO selectivity 

(%) 
TS-1a 49.6 93.0 4.5 

Ti(OC4H9)4 92.5 20.6 2.8 
Zn(OAc)2 19.1 54.6 3.2 

MgCl2 30.5 19.7 0.0 
AlCl3 79.8 29.1 2.0 

 
Reaction condition: 0.1 mol DMO, 0.5 mol phenol, 0.01 mol catalyst 
under refluxing conditions at 453K for 2h.  
a: 1.8 g TS-1 calcined at 823K. 
 

The activities of the transesterification reaction in the catalyst 
TS-1 calcined at 823K as function of the reaction time was shown in 
Table 2. The conversion of the DMO and the yield of MPO increased 
rapidly with the increase in the reaction time until 2 hours, beyond 
which the conversion of DMO didn’t change and the yield of MPO 
decreased due to the disproportionation of MPO. The selectivity to 
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MPO was a constant of 92.6% at first, and then decreased slowly also 
due to the disproportionation of MPO. The yield and selectivity of 
DPO were not much more because the disproportionation of MPO is 
not favorable thermodynamically and the excessive phenol was used in 
the experiments. The yield and selectivity of DPO could be enhanced 
by combination of the common chemical method, such as the reactive 
distillation. 
 

Table 2. Effect of the Reaction Time on the Activities for the 
Transesterification of DMO and Phenol over TS-1  

Reaction 
time (h) 

DMO 
conversion 

(%) 

MPO 
selectivity 

(%) 

MPO 
yield 
(%) 

DPO 
selectivity 

(%) 

DPO 
yield 
(%) 

1 24.1 92.6 22.3 5.9 1.4 
2 49.6 93.0 46.5 4.5 2.3 
3 49.8 87.9 43.8 11.1 5.5 
4 50.8 87.8 44.6 10.9 5.5 

 
Reaction condition: 0.1 mol DMO, 0.5 mol phenol, 1.8 g TS-1 
calcined at 823K under refluxing conditions at 453K. 
 

Table 3 tabulates the activities of the catalysts TS-1for the ester 
change reaction of DMO and phenol as well as the calcination 
temperature. The selectivity to DPO decreased slowly with the 
increasing calcination temperature, and selectivity to MPO increased 
with the increase of the calcination temperature. The result showed 
that the conversion of DMO and the sum of selectivity to MPO and 
DPO did not show much variation with the calcination temperature. 
The conversion of DMO remained at 45~50%, and the sum of 
selectivity to MPO and DPO were more than 97.5%.  

 
Table 3. Effect of the Calcination Temperature of TS-1 on the 

Activities for the Transesterification of DMO and Phenol 
Calcination 
temperature 

(K) 

DMO 
conversion 

(%) 

MPO 
selectivity 

(%) 

MPO 
yield 
(%) 

DPO 
selectivity 

(%) 

DPO 
yield 
(%) 

723 47.7 86.8 41.4 11.9 5.7 
773 50.6 89.0 45.0 9.0 4.6 
823 49.6 93.0 46.5 4.5 2.3 
873 45.1 93.0 41.9 4.6 2.1 

 
Reaction condition: 0.1 mol DMO, 0.5 mol phenol, 1.8 g TS-1 under 
refluxing conditions at 453K for 2 hours. 
 

It was also observed that the calcination temperature had not 
influence on the specific area of the catalyst TS-1, maybe one reason 
was because the TS-1 was also calcined at 773K for 4h in the factory 
in the past prior to catalyst thermal treatment by ourselves. The 
specific area of the catalyst TS-1 was generally 345 m2/g. But after 
reaction the specific area of the catalyst TS-1 at calcined at 823K 
decreased to 295.5 m2/g. The loss of the specific area of the catalyst 
TS-1 could be attributed to the carbon deposit. Studies on the 
influence of the coking on the activities of the catalyst TS-1 are 
ongoing to enhance and preserve the activity of the catalyst. 

There are a large number of studies in the literature on the 
structure of TS-1 [5]. The XRD patterns of the sample TS-1 are 
similar too, and the calcination temperatures have no influence on the 
structure of the catalyst TS-1. The relation between the catalyst TS-1 
structures and the activities for transesterification of dimethyl oxalate 
and phenol will be investigated in the future. 
 
Conclusions 

The titanium silicate molecular sieve TS-1 was an active 
heterogeneous catalyst for the transesterification of dimethyl oxalate 
and phenol. The sum of the methylphenyl oxalate selectivity and the 
diphenyl carbonate selectivity based on dimethyl oxalate of the 
catalyst TS-1 could reach 97.5%, with smaller by-product. The 
calcination had not obvious influence on the conversion of dimethyl 
oxalate and the sum of selectivity to methylphenyl oxalate and 
diphenyl oxalate. 
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The effects of different promoters (Ru, Cu, ZnO, and 

K2CO3) on the density and structure of active sites for the Fischer-
Tropsch synthesis (FTS) was studied. The structure, reduction and 
carburization behavior, and catalytic properties of the catalysts were 
examined using a combination of isothermal kinetic transient and 
spectroscopic methods including on-line mass spectroscopy, in-situ 
X-ray absorption spectroscopy, and steady-state FTS catalytic rate 
measurements. Isotopic jump and site titration methods were used to 
estimate the density of active sites, to establish the identity and 
reversibility of elementary steps, and to confirm the structure-function 
rules suggested by the kinetic and spectroscopic methods. 

 
Fe-based catalysts were prepared by co-precipitation of Fe 

and Zn (Zn/Fe=0.1) nitrates with (NH4)2CO3 to form porous mixed 
oxides, which were subsequently impregnated with Cu (Ru) nitrate or 
K carbonate solutions (M/Fe=0-0.04, M=Cu, K, or Ru), similar to the 
procedure used in another study [1].  Displacing intrapore water with 
alcohol before drying the precipitate and decreasing the treatment 
temperature from 673 K to 543 K increased the surface area of Fe-Zn-
K-Cu oxides from 65 to 120 m2/g. These procedures appear to 
prevent pore mouth pinching during by decreasing the surface tension 
of intrapore liquids. 

 
The reduction of Fe2O3 to Fe3O4 in H2 in Fe-Zn-K-Cu (Ru) 

precursors is faster than on Fe-Zn-K samples; Cu and Ru reduce at 
low temperatures and provide H2 dissociation sites unavailable on 
Fe2O3. Oxygen removal and carbon introduction rates during 
exposure of Fe-Zn-K-Cu (Ru) oxides to CO showed that such 
processes occur sequentially via Fe2O3 reduction to Fe3O4, incipient 
removal of a minority of the O-atoms in Fe3O4, and rapid 
carburization of such oxygen-deficient species to form a �-Fe2.5C and 
�-Fe3C mixture at 540 K or pure �-Fe3C at around 720 K. Cu and 
Ru increased the rate of oxygen removal from Fe2O3 and Fe3O4 and 
thus the rate of formation of FeCx.  K, present as a carbonate, 
inhibited oxygen removal but increased the rate of carbon 
introduction, apparently by increasing CO dissociation rates on FeOx 

or FeCx surfaces.  
 
Mass spectrometric analysis of the products formed during 

initial exposure of oxide precursors to H2/CO mixtures at 523 K 
detected the initial removal of oxygen and a concurrent increase in 
FTS rates as oxygen was removed and carbon introduced. Steady-
state rates were obtained after an initial induction period during which 
only 1-2 equivalent oxygen monolayers are removed (1019 O-
atoms/m2) from the Fe2O3 precursors. Pre-reduced (Fe3O4) and pre-
carburized FeCx (Fe/C=2.5~3) did not show the induction period or 
the rapid initial removal of oxygen as H2O and CO2 observed on 
Fe2O3 precursors.  FTS remained constant even as slow removal of 
oxygen and introduction of carbon continued to occur on Fe3O4. This 
indicates that the formation of an active surface occurs within a few 
FTS turnovers, irrespective of the initial presence of Fe3O4 or FeCx 

(Fe/C=2.5~3).  The catalytic properties of the resulting surface are not 
influenced by the remaining presence of an oxide or carbide bulk.  
This active surface is likely to consist of a steady-state mixture of 
vacancies, adsorbed CO, and carbon and oxygen atoms formed in CO 
dissociation steps.  Their relative concentrations are rapidly 
established by FTS elementary steps and depend on the redox 
properties of the contacting gas phase, the reaction temperature, and 
the surface concentrations of chemical promoters. 

 
In-situ Fe K-edge X-ray absorption (XAS) studies 

confirmed the phase transformation from Fe2O3 to Fe3O4 and then to 
FeCx during the initial stages of FTS reactions. Only the incipient 
conversion of Fe2O3 to Fe3O4 and FexC was required in order to reach 
steady-state FTS rates. The extent of carburization increased with 
time on stream without a detectable increase in FTS reaction rates, 
confirming that the catalytic properties of Fe carbides are not 
influenced by a remaining Fe oxide core or by its ultimate 
carburization. Cu, K and Ru all increased the rate and the extent of 
carbide formation. The promoting effects of K, Cu, and Ru on FTS 
reaction rates (described below) appear to correlate with their ability 
to increase the rate and the extent of reduction and carburization of 
Fe2O3 precursors.  Localized Fe2O3 surface regions influenced by the 
presence of Cu, Ru, or K species may provide multiple nucleation 
sites for reduction and carburization within each Fe2O3 precursor 
crystallite with the eventual formation of smaller oxide and carbide 
particles from larger Fe2O3 precursor particles.  This proposal is 
consistent with the greater extent of carburization obtained when K 
and Cu (Ru) are present.   

 
The effects of promoters (K, Cu and Ru) on FTS rate and 

selectivity were determined using a fixed-bed reactor in the 493-543 K 
temperature range and 5-31.6 atm pressure with a H2/CO mixture 
(2/1). Addition of Cu considerably improves FTS activity of the 
catalyst by decreasing the temperature required for the formation of 
active FexC structures. At 508 K and 21.4 atm for example, the CO 
rate doubled with the addition of Cu (Cu/Fe=0.01) to a Fe-Zn-K 
(Zn/Fe=0.1, K/Fe=0.01) catalyst (1.3 to 2.6 mol/h-mol Fe at 20% CO 
conversion). Copper also promotes the hydrogen availability on the 
catalyst surface and hence decreases product molecular weight. 
Potassium improves both the activity and the selectivity of the FTS by 
increasing the amount of chemisorbed CO and decreasing the amount 
of chemisorbed H2 on Fe-based catalysts.  The promotion effect of K, 
however, is much more pronounced on a Cu-promoted catalyst than 
on a Cu-free catalyst, suggesting a synergistic effect of Cu and K, in 
agreement with a previous study [1]. Cu and K also significantly 
promote CO2 formation during the FTS reaction. Replacement of the 
Cu by Ru in the Fe-Zn-K system led to a significant promotion of the 
FT rate (CO rates being 2.7 and 6.7 mol/h-mol Fe respectively at 20% 
CO conversion and 508 K) with negligible change in the product 
selectivities. This effect can be attributed to the better dispersion of 
the FexC structure in the presence of Ru. Furthermore, an increase in 
surface area in the case of the Fe-Zn-Cu-K catalyst also markedly 
increases FT rates (CO rates being 2.7 and 6.8 mol/h-mol Fe 
respectively at 20% CO conversion and 508 K) due to a 
corresponding increase in the availability of the active FexC sites.   

 
Iron-based catalysts with high Fischer-Tropsch synthesis 

(FTS) rates were prepared by using promoters (K, Ru, Cu) and 
synthesis and activation protocols that favor the nucleation of small Fe 
carbide crystallites and inhibit sintering of oxide catalyst precursors 
during synthesis and activation. The effect of promoters on 
reduction/carburization behavior, on Fischer-Tropsch synthesis (FTS) 
rates, and on the number of CO binding sites formed during reaction 
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were examined by combining steady-state and transient rate 
measurements, titration of active sites, and X-ray absorption 
spectroscopy.  K, Ru, and Cu promoters increased 
reduction/carburization rates of Fe-Zn oxide precursors, steady-state 
FTS rates, and the number of CO binding sites present after activation 
and FTS. These promoters increased the number of active sites 
formed during activation by favoring the nucleation of smaller Fe3O4 
and FexC domains as Fe2O3 precursors convert to active catalysts 
during initial contact of oxide precursors with synthesis gas. These 
smaller crystallites, in turn, provide higher surface areas, a larger 
number of CO binding sites, shorter diffusion distances for oxide-
carbide transformations, and higher steady-state FTS rates. The 
number of active sites and the rates of FTS reactions were also 
increased by using surface-active alcohols to minimize sintering of Fe-
Zn oxide precursors during thermal treatment of precipitated oxide 
precursors. The hydrocarbon synthesis rates using Fe-Zn-Cu-K 
catalysts prepared by this method were similar to those on 
representative Co-based catalysts (at 473 K; 2.0 MPa) when 
compared on the basis of catalyst mass and significantly higher on a 
volume basis. Fe-Zn-Cu-K catalysts showed significantly lower CH4 
selectivities than Co-based catalysts and much weaker effects of 
temperature and of synthesis gas composition on CH4 and C5+ 
selectivities. The CO2 selectivity is lower than on previously reported 
Fe-based catalysts, predominately because of the lower reaction 
temperatures made possible by the high FTS reaction rates on the 
promoted Fe catalysts reported in this study 
 
 
1.  S. Soled, E. Iglesia, S. Miseo, B. A. DeRites and R. A. Fiato, 
Topics in Catalysis 2 (1995) 193. 
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Introduction
Supercritical fluids (SCFs) can offer certain advantages over

traditional solvents for catalytic reactions including the ability to
manipulate the reaction environment through simple changes in
pressure to enhance solubility of reactants and products, to eliminate
interphase transport limitations, and to integrate reaction and
separation unit operations. SCF solvents offer attractive physical
properties including; low viscosity and high diffusivity resulting in
superior mass transfer characteristics; low surface tension enabling
easy penetration into the pores of a solid matrix (catalyst) for
extraction of nonvolatile materials from within the pores; high
compressibility near the critical point inducing large changes in
density with very small changes in pressure and/or temperature
enabling separation of the dissolved material easily and completely.
These unique properties of SCFs have been exploited to provide
many opportunities for the design of heterogeneous catalytic reaction
systems such as ethylene polymerization, ammonia synthesis and
methanol synthesis.

The advantages of SCF-phase Fischer-Tropsch (FT)
synthesis (SCF-FT) include gas-like diffusivities and liquid-like
solubilities which together combine the desirable features of the gas-
and liquid-phase FT synthesis routes1-5. The supercritical phase
reaction can also (1) reduce production of undesirable products;
produce less methane because of better distribution of heat in the
reactor; (2) produce more long-chain olefins as a result of the
enhanced solubility of these higher hydrocarbons in the SCF; (3)
mitigate deactivation of the catalyst through better heat and mass
transfer; (4) provide in-situ extraction of heavy hydrocarbons from
the catalyst surface and their transport out of the pores thereby
extending catalyst lifetimes; (5) enhance pore-transport of the
reactants such as hydrogen to the catalyst surface thereby promoting
desired reaction pathways; (6) enhance desorption of the primary
products preventing secondary reactions that adversely affect product
selectivity.

In this paper, we will investigate the FT reaction under
supercritical hexane conditions in a continuous, high pressure, fix-
bed reactor by employing a cobalt catalyst (15%Co-0.5%Pt-Al2O3).
The effect of SCF conditions on syngas conversion, product
distribution and olefin selectivity will be presented in order to
demonstrate improvements in process parameters under SCF-FT
operation versus gas phase operation. In addition, the effects of
isothermal pressure-tuning on the catalyst activity, product
distribution, and olefin selectivity will be examined. In the near
critical and supercritical region, optimal combinations of product
desorption and pore transport can be obtained.  Finally, the syngas
space velocity was varied to determine whether the primary and/or
secondary reaction steps are diffusion controlled.

Experimental
Reactor Design.    The reactor (HIP Equipment, Erie, Pa) used

in this study is a conventional downflow fixed bed reactor. The
cobalt catalyst (United Catalyst Inc.) is fixed in the middle of the
fixed-bed. To fix the catalyst in place, a 15mm (diameter), 2-3mm
(thickness) and 4-15micron (porosity) fused quartz disc (Quartz Plus,
Inc.) is put inside the reactor. In order to position the disc in the

middle of the reactor, the inner diameter of the reactor above the disc
was machined exactly to match the disc diameter, which is a little
larger than the section underneath the disc. The quartz disc was
employed to avoid the use of any Fe-containing metal near the
reaction zone. A profile thermocouple with 6 equally-spaced
thermocouple probes( OMEGA) is located along the axial reactor
tracking the temperature distribution in the reactor.

Delivery, Reaction and Analysis Systems.   Syngas
(AirProducts) flow rate was controlled by a mass-flow controller
(5850E Brooks) and hexane was delivered through an HPLC pump
(Acuflow Series III, Fisher).  The hexane and syngas were combined
in the static mixer (OMEGA) before entering the reactor. The reactor
was situated in a furnace (Applied Test System Inc.) with a
programmed temperature controller system. The reaction pressure is
adjusted using a backpressure regulator (Tescom, Inc.) located
between the reactor and a hot trap. After leaving the reactor, the
products passed through a hot trap (200 oC) to condense some heavy
components prior to the on-line GC analysis. All of the lines between
the reactor outlet and the GC were heated to 200 oC preventing
product condensation. Two GCs were used for the analysis system,
which included; Varian 3300 GC with a capillary column (DB-5) and
FID for the analysis of C2-C30 hydrocarbons and oxygenates; Varian
CP-3800 with packed column (Hayes-DB100/120) and TCD for the
analysis of permanent gases and C1-C3 hydrocarbons.

Reaction Procedure.    The cobalt catalyst is so highly
hygroscopic that it needed to be heated for an extended period of
time (>24 h) at 150oC to remove absorbed water. CO was used to
reduce the catalyst at 280oC, 100psi for 20hrs before the reaction
initiated. Once the HPLC pump flow rate was checked to guarantee a
steady-state flow rate, hexane flow is directed to the reaction system.
With hexane flowing, the temperature and pressure of the reaction
zone is raised to 250C and the particular pressure for the experiment.
The hot trap and the transfer line to the GC were heated to 200C to
absolutely insure the stream directed to the GC would experience no
condensation while being directed to the GC.

Once the temperature and pressure were stabilized, the flow of
syngas was initiated. The mass flow controller is set to the
appropriate value and control commenced. All the reactions were
continued until a steady-state with respect to conversion and
selectivity are attained. When the reaction was halted, the syngas
flow is stopped while maintaining the hexane flow. Once the FT
products were no longer detected in the effluent, the pressure was
reduced to 100psi and the flow of hexane is stopped, helium flow
was started and the temperature of catalyst bed was allowed to drop
to room temperature with helium flowing over it.

 Reaction Conditions
Reactor Stainless steel, D=1.27cm, L=25.4cm, V=32 cm3

Catalyst 15%Co-0.5%Pt-Al2O3

Solvent Hexane (Pc=29.7bar, Tc=233.7C), flowrate:1.0 ml/min
Syngas Space velocity: 50 sccm/g cat; Ratio: H2/CO: 2.0
Pretreatment Reducing gas:CO; Flowrate: 50sccm;

Time: 20 hr; Temperature: 280°C
Reaction
Conditions

Temperature: 250oC (1.07Tc);
 Pressure: 500psi, 600psi, 950psi, 1160psi
Time: until steady state and keep steady state for 10h

Results and Discussion
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1. Comparison of Gas-Phase and Supercritical Phase Fischer-
Tropsch

1.1 Syngas Conversion.    Figure 1 presents the syngas
conversion in gas-phase and SCF-phase Fischer Tropsch synthesis.
From this figure, we can see that the CO conversion is slightly higher
in the supercritical phase than in the gas phase. This result suggests
that the SCF-FT could increase the syngas conversion.
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Figure 1.  CO Conversion in Gas- and SCF-Phase Reaction.  The
pressure in the SCF phase reaction was 1160 psi and the pressure in
the gas phase was 290 psi.

1.2 Hydrocarbon Distribution.    Figure 2 and 3 presents the
hydrocarbon distribution under gas- and SCF- phase operation. From
these figures, we can see that in the supercritical phase, the whole
hydrocarbon distribution diagram is shifted to a higher carbon
number, and the methane content is decreased.  Interestingly,  the
mass percents of C11 to C17 are fairly constant in the SCF
experiment. The reason is that in the supercritical phase, the higher
diffusivities and desorption rates of heavy hydrocarbons could cause
the heavy product to diffuse easily from the catalyst bed along with
the lighter compounds, rather than remaining in the catalyst.
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Figure 2.  Hydrocarbon Distribution in SCF-Phase FT synthesis at
1160 psi.
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Figure 3.  Hydrocarbon Distribution in Gas-Phase FT synthesis at
290 psi.

1.3 1-Olefin Selectivity.    The initial product in the Fischer
Tropsch reaction is the olefin species. In the case  of mass transfer
and heat transfer limitations, the olefin products can not flow out of
the catalyst pores as soon as they are produced so as to cause many
secondary reactions to take place, such as hydrogenation and
isomerization to form paraffins. If the supercritical medium could
improve the diffusivity and desorption rate of the product, then the
secondary reactions would be reduced and the olefin selectivity
would consequently increase.   Figure 4 presents the olefin selectivity
in the supercritical phase and gas phase. From this figure, we can see
that the olefin selectivity in the SCF phase is obviously higher than in
gas phase.  This is in agreement with the situation discussed above.
The enhanced selectivity of heavy olefins is due to the higher
diffusivities and desorption rates. Without the intraparticle diffusion
limitations, the primary products can leave the catalyst pores without
undergoing secondary reactions.
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Figure 4.  1-Olefin Selectivity in Gas- and SCF-Phase FT synthesis

1.4 Temperature Distribution.    The supercritical medium has
a better heat removal ability compared to the gas phase.  The FT
reaction is an exothermic process in which a large amount of heat is
given off during the reaction process. If the heat transfer process is so
slow as to create excessive heat, then it will coke the catalyst
shortening the catalyst lifetime. Figure 5 presents the temperature
profile along the length of the reactor under both SCF phase and Gas
phase operation.   Thermocouple postion 3 is just above the catalyst
bed and the distance between each thermocouple is 1.4 inches.  The
temperature deviation is from 247 to 261oC in the gas phase where
the temperature deviation is only from 253 to 258oC in the SCF
phase.  Therefore, the temperature deviation is 3 times greater in the
gas phase than in the SCF phase.  It should also be noted that the CO
conversion in the SCF phase experiment presented in Figure 5 was
70% where the conversion in the gas phase experiment was only
40%.  Therefore, if the conversions were matched the temperature
difference between the gas phase and SCF phase would be even more
dramatic.  From this we can conclude that a better heat transfer rate
could be obtained in the supercritical reaction medium relative to the
gas phase reaction.
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Figure 5.  Temperature distribution in Gas- and SCF-Phase.  The
pressure in the SCF phase experiment was 1160 psi and the pressure
in the gas phase experiment was 200 psi.

2. Effect of Pressure-tuning on the reaction behavior
According to Professor Subramaniam,2  “the physical and

transport properties of the fluid can be altered drastically from gas-
like to liquid-like behavior, simply by isothermally varying the
pressure around the critical pressure. At slightly above the critical
pressure, while the fluid possesses roughly 70% of the liquid density,
the diffusivity and viscosity are more gas-like. By pressure-tuning
fluid properties around the critical pressure, optimal combinations of
product desorption and pore transport can be obtained.”

2.1 Syngas Conversion.    Figure 6 presents the effect of
pressure on the CO conversion. From this result we can see that the
conversion increases with the pressure from 500psi to 950psi. As the
pressure is increased the hexane medium posses a more liquid-like
density enabling extraction of more heavy hydrocarbons from catalyst
pores and maintains wider pore channels to reduce pore diffusion
limitation.   Meanwhile, this SCF environment maintains the high
gas-like diffusivity. This combination results in the increase in
conversion with increasing pressure up to 950psi. However, when the
pressure is increased to a certain point (in our case 950psi), the
conversion can not continue to increase.  At this point it begins to
decrease with a further increase in pressure. Beyond this transition
point, the further increase in pressure still increased the hexane
medium density which further increases the ability to extract heavy
products. But, on the other hand, the bulk diffusivity decreases at
these higher pressures and the comprehensive result is that the
negative decrease in bulk diffusivity outweighs the positive
enhancement in pore diffusivity. So, the conversion ceases to
increase with further increases in pressure.
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Figure 6. Effect of Pressure-Tuning on CO conversion.

2.2 Hydrocarbon Distribution    Figure 7 presents the overall
product carbon number distribution at different pressures in the SCF

FT reaction. From this figure, we can see that at the higher operating
pressure, more heavy hydrocarbon products could be obtained. This
again supports the assertion that the decreased pore diffusion
limitation at the high pressure is due to enhanced extraction of the
heavier hydrocarbons by the more dense medium.
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Figure 7. Effect of Pressure-Tuning on the Hydrocarbon
Product Distribution in SCF FT synthesis.

2.3 1-Olefin Selectivity    The effect of pressure on the olefin
selectivity is also apparent in Figure 8. With an increase in pressure
from 500 psi to 950 psi, the olefin content increases because of the
improved extraction ability of the more dense medium. This results in
an increase in pore diffusion efficiency, and an increase in the
solubility of heavy products from the inner pores. This could result in
a reduction in the readsorption  of the 1-olefin thus reducing
secondary reactions to form paraffin and 2-olefin products.  Once the
pressue was raised from 950 psi to 1160 psi, the 1-olefin content
decreased. This also may be due to the decrease in bulk diffusivity of
the product in the mole liquid-like medium at the highest pressure.
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Figure 8. Effect of Pressure-Tuning  on  1-olefin Selectivity

3. Gas Residence Time Effects
The effect of syngas residence time on the conversion was also

examined.  Figure 9 shows that there is no significant effect of syngas
residence time on the CO conversion. This result is quite different
from that obtained under gas-phase operation in which the
conversion increases with a decrease in syngas residence time. The
lack of effect of residence time on conversion in the supercritical
phase reaction maybe a result of the improved pore diffusivity in the
supercritical medium.   Thus, the diffusion rate of product out of the
catalyst pores is increase thereby leaving more active sites for CO
and H2 causing the residence time effects become insignificant.

The effect of residence time on olefin selectivity is presented in
Figure 10.  Again, there is an insignificant effect of the residence
time on the 1-olefin selectivity in the SCF phase. At high syngas
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conversion, the effect of the solubility on the olefin selectivity is
stronger than the effect of intraparticle diffusion. Therefore, there is
little effect of  residence time on the olefin selectivity. The olefin
selectivity decreases with the increase in carbon number because the
larger olefins spend more time in the catalyst pores than smaller ones
due to the lower diffusivities.  This increases the probability for
secondary 1-olefin readsorption, double bond isomerization and
hydrogenation reactions.4 This suggests that the SCF-FT reaction is
not diffusion controlled, however, the secondary olefin
hydrogenation is diffusion limited.
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Figure 9. Effect of Syngas-Residence Time on CO Conversion
at 950 psi.
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Figure10. Effect of Syngas-Residence Time on 1-olefin
Selectivity at 950 psi.

Conclusions
Due to the increased diffusion and desorption rate of reactants

and products in SCF phase Fischer Tropsch synthesis, the CO
conversion and olefin content are higher than that in conventional
FTS.  Higher selectivity of the olefin products suggest that the SCF-
FT  operation results in higher pore diffusivities and more rapid
removal of  heavy 1-olefins from catalyst, thereby suppressing
secondary hydrogenation and isomerization reactions. Over our
experimental range, there exists an optimum operating pressure
(P=950psi) that maximizes the conversion and the olefin selectivity.
Better heat removal in SCF-FT compared to gas phase allows the
catalyst bed temperature to be well controlled.  There is little effect of
syngas residence time on the syngas conversion and olefin selectivity
in the SCF FT process.  This demonstrates that the SCF-phase based
Fischer-Tropsch reaction is not diffusion controlled.
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Introduction 
As an effective reaction for production of liquid fuels from coal and 

natural gas, Fischer-Tropsch (FT) synthesis has received great 
attention in past several decades. To be more promising and 
economically competitive, FT synthesis should be modified to shift the 
product spectrum from transportation fuel to valuable chemicals such 
as light olefin and heavier wax. Owing to its merits such as high 
melting point, low viscosity, as well as nitrogen-, sulfur-, and 
aromatics-free property, wax has been highly favored. However, 
selective synthesis of wax is not easy. It is believed that the 
readsorption and subsequent secondary reaction (hydrogenolysis, 
cracking, and reinsertion) of primary 1-olefin product are main 
reasons for the deviation from ASF distribution. To obtain an insight 
into secondary reactions of primary product, 1-olefin, and the 
mechanism of chain growing process, gas and liquid phase FT reaction 
over Fe, Co, Ru catalyst cofed with the 1-olefin (C=

2, C
=

3, 1-C=
4, 1-

C=
6, 1-C=

8, 1-C=
10, 1-C=

20) have been studied extensively by many 
researchers[1-5]. It was found added 1-olefin, as a chain initiator, could 
combine CH2 species on the catalyst surface, which lead to a decrease 
in methane formation and a increase in selectivity of hydrocarbons 
with one more carbon number than the added 1-olefin. But added 
olefin had no noticeable effect on the formation rate of heavier 
hydrocarbons and on the chain growth probability. 
The supercritical phase FT synthesis cofed with medium-size 1-olefin 

(i.e. 1-tetradecene) over Co/SiO2 catalyst, combining the 
characteristic of effective transportation of supercritical fluid and high 
readsorption probability of medium-size 1-olefin, have been carried 
out in our laboratory. Our results have shown that added 1-
tetradecene could be remarkably involved in the chain growth process 
that was indistinguishable from the original chain growth. 
Consequently the formation rate of hydrocarbons larger than C14 
increased markedly, while yield of C1-C13 hydrocarbons decreased 
correspondingly. Effects of catalyst pore size, H2/CO feed ratio, cofed 
olefin concentration were also investigated. 
 
Experimental 
Co/SiO2 catalysts were prepared by impregnating SiO2 with cobalt 

nitrate from its aqueous solution by incipient wetness method. The 
catalyst precursors were dried in air at 393K for 12hr and then 
calcined at 573K. Supercritical-phase FT reaction was carried out on 
a pressurized fixed-bed reactor system, accompanied with a high 
pressure pump which supplied the supercritical fluid (SCF) and 1-
olefin during supercritical-phase reactions. Detailed description of 
reaction system was reported in our previous publication [6]. N-
pentane was used as SCF., and Nitrogen was used as the balance 
material in gas phase reaction. The loading amount of catalyst was 
0.5g. Prior to FT reaction, the catalyst was reduced with hydrogen 
under atmospheric pressure at 673K, 60ml/min for 12hr. Except 
noted, the reactions were conducted under standard conditions listed 
below. T=483K, P(total)=4.5Mpa, P(CO+H2)=1.0MPa, W/F 
(syngas)=15g.h/mol. Argon was used as internal standard with 
concentration of 3% in the feed gas. The effluent gas was analyzed on 

line with two gas chromatographies. The condensed products were 
analyzed off-line with other two chromatographies. 
  
Results and Discussion 
1. Reaction Performance in Different Reaction Phase 

Fig.1 and Table 1 present the effect of reaction phase on CO 
conversion and the hydrocarbon yield. It is found that CO conversion 
in supercritical phase was higher than that in gas phase and the yield 
of hydrocarbons, except methane, showed the same trend. 

 
Fig.1. Phase effect on yield of hydrocarbons; Cat.3, 

W/F=15,210�, with out olefin addition 
 
It is well known that in gas-phase FT reaction, after reaching the 

steady state, the catalyst pores were filled with heavier hydrocarbons 
in which CO and H2 must be solved and subsequently diffused to 
reach the inner surface of catalyst. In supercritical phase FT reaction, 
due to the higher solubility of supercritical fluid, a large part of these 
heavier hydrocarbons could be solved and removed in situ by 
supercritical solvent whose density and viscosity are greatly smaller 
than those of the heavier hydrocarbons.  

 
Fig.2. Visualized CO and H2 concentration Profiles inside catalyst pores in 

different phases 
Note: Represent the concentration of syngas inside pores 

 
Consequently the transportation of CO and H2 to the surface of 

catalyst was facilitated, and both the CO conversion and hydrocarbon 
yield were increased. CO and H2 concentration profiles in different 
phase can be visualized in Fig.2. Meanwhile, because the large amount 
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of reaction heat could be removed efficiently by the SCF, formation of 
overheating spot on catalyst bed was prohibited and formation of 
methane, which was favored at high temperature, was also inhibited. 

 
 
2. Effect of 1-tetradecene addition 
Fig.3 and Table 2 exhibit the addition effect of 4 mole% (CO base) 1-
tetradecene on CO conversion and hydrocarbons formation rate. It 
was found that CO conversion as well as light hydrocarbons (C1-C13) 
yield decreased, but the selectivity of hydrocarbons larger than C14 
increased markedly with the addition of 1-tetradecene. As a result, 
C+

20 Yield was enhanced from 33.3% to 36.2% due to the addition of 
1-olefin. 

 
Fig.3. Effect of olefin addition on the distribution of products CO 

conversion: 85% (without olefin addition); 73% (with 4% 1-tetradecene 
addition);(CH4 was not included) 

 
Light olefin (C2-C10) addition to syngas and subsequent influence on 
reaction itself on cobalt catalysts had been well studied[17]. In recent 
years Iglesia[5] and kuipers[8,9] reported their cofeeding studies. Their 
results showed that 1-olefin addition of low concentration (5% mole) 
could inhibit the formation of methane but did not affect the value of 
the chain growth probability. But in our study where 1-olefin 4% mole 
was added increased the formation rate of heavier hydrocarbons 
noticeably as shown in Fig.3. The differences between previous olefin 
cofeeding studies and ours are molecule size of the added olefin and 
the reaction medium therein. In previous cofeeding studies, added 
light olefin was at gas phase under reaction conditions. In contrast, in 
our studies, supercritical fluid could greatly remove the wax in situ, 
which made the wax layer covered on the surface of catalyst much 
thinner than that for the gas phase reaction. And the added 1-
tetradecene, which was at liquid state under reaction conditions, had 
higher solubility in wax layer than that of gaseous olefins. Thus the 
concentration of added 1-tetradecene in wax layer was relatively high 
and its adsorption probability on the catalyst surface and thus 
followed reinsertion reaction rate were also higher, which 
consequently increased the yield of hydrocarbons higher than C14. 
Another interesting phenomenon in Fig.3 is that in the 1-tetradecene 
cofeeding experiment the yield of C2 was much lower than that of C3 
while C16 were higher than C15. This implies that probably species 
involved in growing chains was not limited to CH2, and C2H4 may also 

be inserted. It is reported C2H4 is more active than C3H6
[10], so the 

probability of being inserted was higher correspondingly. This 
phenomenon was also found by other investigators[3,11]. As for the CO 
conversion, since the adsorption of added 1-olefin would consume 
some H2, and occupy some active sites which otherwise would be 
consumed and occupied by CO, the conversion level in the olefin-
added reaction was lower than that of conventional reaction.  
 
3. Influence catalyst pore size 
The Co/SiO2 catalysts with different pore size but the same amount of 
metal on specific surface area were also prepared and investigated. 
The properties and composition of catalysts and their reaction 
performance were compared in Fig.4 and Table 3. It is clear from the 
data in Fig.4 that the selectivity to the heavier hydrocarbons increased 
with increasing catalyst pore size, while the CO conversion decreased 
as shown in Table 3. 

 
Fig.4. Catalyst pore size effect on yield of heavier hydrocarbon (see also 

Table3) Reaction conditions: T=483K, P(total)=4.5MPa, 
P(CO+H2)=1.0MPa, W/F=15g.hr/mol, 4% (CO base) 1-tetradecene added 

 
Because more effective mass transfer could be realized on the catalyst 
with large pores, it can be inferred that with the increase of pore size, 
the percentage of wax extracted in situ by the supercritical fluid 
increased correspondingly, while the thickness of wax layer covered 
on the surface of catalyst was reduced. Thus the diffusion of added 1-
olefin inside the large-pore catalyst and its concentration in the wax 
layer was relatively higher than those for the catalyst with small pores, 
which consequently led to the higher adsorption probability of cofed 
olefin onto the catalytic sites. As a result, the selectivity to heavier 
hydrocarbons increased. One of the present authors have investigated 
the pore size effect on the performance of Ru/Al2O3 catalyst in 
supercritical phase FT synthesis, which proved that the chain growth 
probability increase with the increasing pore diameter of catalyst [6]. 
Meanwhile the acceleration in the heavier hydrocarbon formation may 
inhibit the formation of CO2. So the CO2 yield on catalyst with large-
pore was greatly less than that on the small-pore catalyst. 
 
4. Effect of olefin cofeeding concentration 
Fig.5 shows olefin cofeeding concentration effect on the CO 
conversion and carbon number distribution of products. It was found 
that the yield of hydrocarbons heavier than C14 increased with 
increasing concentration of added 1-tetradecene while the CO 
conversion shown a reverse trend. This could be ascribed to the 
different probability of adsorption and thus-hence chain growth 
reaction of different cofed olefin concentrations. It is clear from the 
above discussion that addition of 1-tetradecene could enhance the 
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formation of hydrocarbons larger than C14, while the formation of C1-
C13 was inhibit, thus increased the selectivity to heavier hydrocarbons. 
It can be deduced that with the increasing concentration of 1-
tetradecene in the system, the concentration within wax layer 
increased, the probability of participation in the chain growth process 
also increased, and consequently the selectivity of hydrocarbons larger 
than C14 increased. Because the more adsorption of olefin would 
occupy more active sites and consume more H species, CO 
conversion was lowered correspondingly. 

 
Fig.5 Olefin concentration effect on carbon number distribution of product 

Cat.3, T=210�, W/F=15g.hr/mol, P(total)=4.5MPa, P(CO+H2)=1.0MPa, 
The percentages in figure are CO conversions 

 
5. Investigation on the influence of H2/CO feed ratio 
Different gases with H2/CO ratio of 1/1 and 2/1 have been used to 
investigated effect of H2/CO ratio on the catalytic behavior of 
Co/SiO2 catalyst. The main results are exhibited in Table 4. It can be 
found that for 1/1 syngas, CO conversion was obviously lower while 
the selectivity of wax was higher than that for 2/1 syngas. The 
reaction rate of FT synthesis is reported to be proportional to the 
partial pressure of H2 over Co/SiO2 catalyst[7]. The lower CO 
conversion may be interpreted easily by the stoichiometrical 
requirement of FT reaction as well as the properties of catalyst. The 
higher selectivity to wax in the case of 1/1 syngas might be ascribed to 
high surface concentration of CO, which would favor the adsorption 
and chain propagation reaction of added olefin[5]. 
 
6. Analysis and evaluation results of waxes 
Table 5 presents some analytical results of wax. It could be found that 
the average molecule weight and the degree of saturation (H/C ratio) 
of wax increased greatly due to addition of 1-tetradecene. These 
strongly support that the incorporation of 1-tetradecene to chain 
growth reaction happened. This implies that added 1-tetradecene 
might inhibit the formation of oxygenates which is generally the 
products of hydroformylation reaction. Elemental analytical results 
also give some evidences to this point, because total percentage of 
(C+H) were increased from 98.65% to 99.55% after addition of 1-
tetradecene. However, as for inhibition of oxygenates formation, the 
reaction mechanism was not clear. 
 
 
 

 
Table 1. CO conversion and hydrocarbons distribution in 

different reaction phase 
C1-C4 yield (C-mmol/g.hr) Reaction 

phase 
CO 

conv. 
(%) 

C1 C2 C3 C4 
C+

20 
Selectivity 

(%) 
Gas 

phase 
70 2.91 0.218 0.551 0.607 13.4 

SC phase 84 1.87 0.259 0.164 0.041 39.6 
Rreaction conditions: T=483K, P(total)=45atm, 

W/F(CO+H2)=15g/hr.mol 
 
 

Table 2. Effect of 1-tetradecane addition 
C1-C4 yield (C-mmol/g.hr) Item CO conv. 

(%) C1 C2 C3 C4

Without 1-C=
14 84 1.870 0.259 0.164 0.04

4% 1-C=
14 added 73 1.235 0.128 0.302 0.16

tetradecane addition: 4 mol% CO base 
 
 

Table 3. Effect of catalyst pore size on reaction performance of 
Co/SiO2 

Catalyst 
No. 

Mean 
pore 

Diameter 
(Å) 

Co 
loading 

(by 
weight) 

(%) 

CO 
Conversion 

(%) 

CO2 
Selectivity 

(%) 

C+
20 

Selectivity 
(%) 

 1 150 40 96 10 36.9 
 2 300 29 93 6 41.7 
 3 500 30 73 N.D* 49.5 

Note: 4mol% 1-tetradecene added.  * N.D. Non-detectable 
 

Table 4. Effect of H2/CO ratio on the reaction performance 
Yield of C1-C4, C-mol/g.hr H2/CO CO 

conv. 
(%) 

C1 C2 C3 C4 
C+

20 
Selectivity 

1/1 42 1.030 0.145 0.120 0.074 57.3 
2/1 73 1.235 0.128 0.302 0.164 49.5 

4 mol.% 1-tetradecene added 
 

Table 5. Molecule weight and elemental composition of wax 
Item Sample 1 Sample 2 

Mean molecule weight 873 1055 
Composition (%)   

H 13.84 15.01 
C 84.81 84.54 
N N. D N. D 
O N. D N.D 

Ash - - 
Total 98.65 99.55 

Note: Sample 1: Co/SiO2 catalyst, T=483K, W/F=15g.hr/mol; N. D: 
Non-detectable 

Sample 2: reaction condition is same as the sample 1 except for 4% 
1-tetradecene addition. 
Molecule weight is the number mean molecule weight measured by 
Gel Permeation Chromatography (GPC). 
 
 
 
 
 
Conclusions 
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1. Due to quick diffusion of reactant and product in supercritical 
phase, CO conversion and liquid hydrocarbon yield of the supercritical 
phase reaction are higher than those in gas phase reaction. 
2. Added 1-tetradecene, as a chain initiator, could participate in the 
chain propagation process, and consequently promoted formation of 
hydrocarbons larger than C14, inhibited the formation of C1-C13 
hydrocarbons, which made the carbon number distribution deviated 
from ASF distribution significantly. 
3. Species involved in the chain growth process is not limited to the 
CH2; it is found that C2H4 could be incorporated into carbon chain 
growth as well. 
4. Because the effective transportation of reactant and product could 
be realized inside the larger pores, catalyst with large pores favored 
the formation of heavier hydrocarbons. 
5. Because the high CO partial pressure could inhibit the 
hydrogenation and hydrogenolysis of olefin, CO-rich syngas favored 
the formation of heavier hydrocarbons. 
6. In the studied cases, the more olefin added, the more wax 
produced. 
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Introduction 

The Fischer-Tropsch synthesis is an interesting pathway for 
converting natural gas to transportation fuels. A key element in 
improved Fischer-Tropsch processes is the development of active 
catalysts with high wax selectivity. Supported cobalt is the preferred 
catalysts for the Fischer-Tropsch synthesis of long chain paraffins 
from natural gas due to their high activity and selectivity, low water-
gas shift activity and a comparatively low price. Water is produced 
during the Fischer-Tropsch synthesis and will be present in varying 
quantities during synthesis, depending on the conversion and reactor 
system. 

Different results have been reported on the effect of water on the 
activity of cobalt Fischer-Tropsch catalysts[1,2,3]. The effect of water 
seems to depend mainly on the support although promoters may also 
be important. It has been shown that Al2O3-supported cobalt catalysts 
deactivate when water is added during the synthesis[4]. It has also 
been shown that water inhibits secondary hydrogenation of olefins on 
Al2O3-supported cobalt catalysts[5].  

The present work aims at studying the effect of water on the 
activity and selectivity for cobalt catalysts using different supports and 
promoters as well as unsupported cobalt. In the following the main 
emphasis is on Al2O3 supported cobalt catalysts. 
   
Experimental 

Catalysts. The supported catalysts were prepared by incipient 
wetness (co)impregnation of the different supports as described 
elsewhere[6]. The unsupported cobalt catalyst was prepared by 
precipitation by adding NH3 to an aqueous solution of 
Co(NO3)2⋅6H2O with continuous stirring until there were an excess of 
NH3. The precipitate was washed several times, dried and calcined in 
flowing air at 698 K for 3h.  

Reactorsystem. The catalysts were tested in an isothermal fixed-
bed microreactor[6] as shown below in Figure 1: 

 

 
 

Figure 1. Experimental apparatus 

Experimental procedure: The catalyst (1.0-1.6 g diluted with 
SiC) was loaded to the reactor, flushed with He and reduced in 
hydrogen at 350 0C for 16h. After reduction the reactor was cooled to 
170 oC, the pressure increased to 20 bar and premixed synthesis gas 
(31.3 % CO, 65.7 % H2 and 3 % N2) was introduced. The reactor 
temperature was slowly increased to 483 K in order to prevent 
runaway. The feed and the products were analysed using an on-line 
HP 5890 gas chromatograph equipped with thermal conductivity 
(TCD) and flame ionization (FID) detectors. 

Catalyst characterization: The catalysts were characterized by 
Temperature Programmed Reduction (TPR), chemisorption, and BET 
surface area. Model studies of catalysts exposed to different H2O/H2 
ratios in a gravimetric microbalance have also been performed. 
 
Results and Discussion 

Previous results show that Co-Re/Al2O3 catalysts deactivate as a 
result of reoxidation of small cobalt particles. When water is added to 
the feed for Al2O3 supported cobalt catalysts the rate of deactivation 
increases. This behavior is clearly demonstrated in Figure 2 below.   

 
 
 

 
 
 

Figure 2. Rate of hydrocarbon formation relative to the initial rate for 
20%Co-1%Re/Al2O3 at 210 oC, 20 bar and H2/CO=2.1 [4].    

 
  

Figure 2 also shows that the rate does not return to the same 
level as before water was added. It has been shown that the loss in 
activity can only partly be recovered by rereduction due to increased 
cobalt-alumina interactions. Both XPS and TPR indicate that a phase 
interacting more strongly with the alumina is formed upon exposure to 
water.  

The effect of conversion on the selectivity is shown in Figure 3. 
The C5+ selectivity increases as the CO conversion is increased. It can 
also be added that the CH4 selectivity decreases with increasing 
conversion and that the selectivity to olefins decreases with increasing 
CO conversion. In Figure 3 the selectivity to C5+ is also given when 
water is added to the feed. The results show that the selectivity 
increases only slightly with the conversion when water is added. In the 
case of CH4 the selectivity does almost not depend on the conversion 
when water is added to the feed (Figure 4).      

It has been suggested[2] that the increase in C5+ selectivity as a 
function of conversion is to a large extent caused by secondary 
reactions of primary olefin products at longer residence times i.e.  
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Figure 3.  The effect of CO conversion on the selectivity of C5+ in the 
presence of added water ( �� FRPSDred with runs without water 
addition (∆) for 12%CO-0.5%Re/Al2O3 at 210 oC, 20 bar and 
H2/CO=2.1. 

 

 
 

Figure 4.  The effect of CO conversion on the selectivity of CH4 in 
the presence of added water ( ��FRPSDUHG�ZLWK�UXQV�ZLWKRXW�ZDWHU�
addition (∆) for 12%CO-0.5%Re/Al2O3 at 210 oC, 20 bar and 
H2/CO=2.1. 

 
 

readsorption and further chain growth. The present results also 
indicate that the increasing partial pressure of water with increasing 
CO conversion contributes to the increase in C5+ selectivity by 
inhibiting hydrogenation reactions.  

The Fischer-Tropsch reaction network is indicated on Figure 5 
and the observed changes in selectivity can be interpreted in terms of 
the reaction network. It has been shown[5] that the hydrogenation 
reactions on active Fischer-Tropsch catalysts are inhibited by water. In 
one case the conversion of propene to propane dropped from 70% to 
below 40 % when water was added to the feed. (It should be noted 
that these results are obtained at different conditions (1 bar pressure, 
high dilution) but with an active Fischer-Tropsch cobalt catalyst). 
Even though the hydrogenation reactions are inhibited by water, the 
olefin selectivity decreases (except for C2) suggesting also increased 
further chain growth.   

    
 

 
 
 
Figure 5. Fischer-Tropsch reaction network  

 
 
Similar experiments have also been performed on different 

supports and on unsupported catalysts. The effect of water on the 
activity depends on the catalytic system, but the C5+ selectivity 
increases when water is added to the feed for all the systems studied.  

Mass transfer effects are very important in Fischer-Tropsch 
synthesis. Even though the reactants are in the gas phase, the pores 
will be filled with liquids. Since diffusion in the liquid phase is about 3 
order of magnitude slower than in the gas phase, even slow reactions 
may become mass transfer limited. For the Co/Al2O3 catalyst referred 
to above, the C5+ selectivity starts to decrease and the CH4 selectivity 
increases at diffusion distances of roughly 0.2-0.3 mm[4]. 

 
Conclusions  
• The C5+ selectivity increases with increasing conversion. Water is 

a main product of the Fischer-Tropsch synthesis and the amount 
increases with increasing conversion. 

• Adding water to the feed increases the selectivity to C5+. When 
water is added to the feed the selectivity to C5+ depends only 
slightly on the conversion 

• The effect of water on the activity depends on the support. For 
cobalt supported on Al2O3 the addition of water results in 
deactivation.  

  
Acknowledgement.  Statoil and the Norwegian Research 

Council (NFR) are acknowledged for financial support and for the 
permission to publish these results. 
 
References 
(1) Hilmen, A.M.; Schanke, D.; Hanssen, K.F.; Holmen, A. Appl. Catal. A: 

General. 1999 186, 169. 
(2) Iglesia, E. Appl. Catal. A: General 1997, 161, 59.  
(3) Schultz, M; Claeys, M; Harms, S. Stud. Surf. Sci. Catal. 1997 107, 193. 
(4) Hilmen, A.M.; Lindvåg, O.A.; Bergene, E.; Schanke, D;  Eri, S.; Holmen. 

A. Stud. Surf. Sci. Catal, 2001 136 295. 
(5) Aaserud, Chr.; Hilmen, A.M.; Bergene, E.; Schanke, E.; Eri, S.; Holmen, 

A. Submitted.  
(6)    Schanke. D.; Hilmen, A.M.; Bergene, E.; Kinnari, K.; Rytter, E.;       
         Ådnanes, E.; Holmen, A. Catal. Lett. 1995 34 269. 
  
 

n-paraffins α-olefins

CO + H2      *Cn-1      *Cn        *Cn+1      ….

Secondary hydrogenation

Termination by

 hydrogenation Te
rm

ina
tio

n by

 H
-ab

str
ac

tio
n

Rea
dso

rp
tio

n 
with

ch
ain

 in
itia

tio
n



Fuel Chemistry Division Preprints 2002, 47(1), 160

Fischer-Tropsch Synthesis: Effect of Activation on Potassium 
Promoted Iron Catalysts 

 
Mingsheng Luo and Burtron H. Davis 

 
Center for Applied Energy Research,  

2540 Research Park Drive, Lexington, KY 40511 

 
Introduction 
               In the Fischer-Tropsch Synthesis (FTS) process, the 
hydrocarbon is produced from CO and H2 by a reaction that can be 
expressed as   
                           (2n+1)  H2 + n CO 6 CnH2n+2 + n H2O (1)    
When an iron catalyst is used for FTS, the water gas shift (WGS) 
reaction can also occur.  This side reaction consumes CO and water 
formed by the FTS reaction and produces additional hydrogen as well 
as carbon dioxide. 
                          H2O + CO 6 CO2 + H2 (2) 
 Potassium has long been used as a promoter for iron 
catalysts.  It provides an increase in the alkene yield and a decrease in 
the CH4 selectivity [1-3].    Potassium can also increase the catalytic 
activity for FTS and water-gas shift (WGS) reactions [3-9].  
 Pretreatment of iron catalysts can have important influence 
on FTS activity and selectivity.  A cobalt catalyst is usually activated 
with H2 and metallic cobalt is believe the active phase for FTS, but 
the pretreatment of iron catalyst is not as simple as that of a cobalt 
catalyst.  Carbides are probably the active phase for FTS.  Reduction 
of Fe3O4 with H2 to zero valence was claimed by Rao and Bukur at al. 
[10-17].  It is also found that 20% metallic iron was obtained by 
treating iron catalyst with H2 at 220EC.  Pretreatment of iron catalyst 
with CO or syngas can result in the presence of P-carbide [13-15].  
Bukur studied the activation effect on K/Fe=0.8/100 (mass) catalyst 
in a fixed bed reactor and concluded that CO activation at 280EC led 
to higher initial FTS activity and higher long chain hydrocarbons than 
H2 activated catalysts. 
 
Experimental 
 In this study, an Fe/Si/K=100/5.1/1.25 (atomic ratio) 
potassium promoted iron catalysts were pretreated with CO, 
syngas(H2:CO=0.7) or H2 at 230-270EC for 24 hours.  Carbon 
monoxide activation was carried out at 1.3MPa while H2 activation 
was at atmospheric pressure.  To investigate the effect of syngas 
activation pressure on FTS activity, both atmospheric and 1.3MPa 
pressure were used.  The CO flowed through a catalyst slurry 
containing 10% solids in 300 mL of Ethylflow (a mixture of decene 
trimers).  A one-liter continuous stirred tank reactor (CSTR) was 
used in this study.  A sintered metal filter was installed to remove the 
wax samples from the catalyst slurry.  The wax sample was extracted 
through the internal filter and collected in the hot trap held at 200EC.  
A warm trap (100EC) and cold trap (0EC) were used to collect light 
wax and the water plus oil samples, respectively, by condensing from 
the vapor phase that was continuously withdrawn from the reactor 
vapor space. 

 Daily gas, water, oil, light and heavy wax samples were 
collected and analyzed.  Table 1 gives a summary of the instruments 
for gas and liquid product analysis.  A heavy wax sample was taken 

from the 200EC hot trap connected to the filter.  The vapor phase 
above the slurry passed continuously to the warm (100EC) and the 
cold (0EC) traps outside the reactor.  The light wax and water mixture 
was collected from the warm trap and an oil plus water sample from 
the cold trap.  Tail gas from the cold trap was analyzed with an online 
HP Quad Series Micro GC, providing molar compositions of C1-C7 
olefins and paraffins as well as for H2, CO and CO2.  Hydrogen and 
carbon monoxide conversions were calculated based on the gas 
product GC analysis results and the gas flow measured at reactor 
outlet.  The oil and light wax samples were mixed before analysis with 
an Agilent 6890 Series GC.  The heavy wax was analyzed with an 
HP5890 Series II Plus GC while the water sample was analyzed using 
an HP5890 Series II GC. 
 
Results and Discussion 
Activity    Carbon monoxide activated catalyst yielded the highest 
activity at 270EC, as indicated by Figure 1.  A stabilized CO 
conversion of 80% was obtained at only 200 hours of time on stream 
and deactivated slightly after 600 hours of time on stream.  Syngas 
activation yielded a stabilized CO conversion of 80% at 250 hours of 
time on stream while H2 activation generated a CO conversion of 59% 
at 320 hours of time on stream.  Increase in activation temperature 
from 250 to 270EC significantly improved the FTS activity regardless 
of the gas type used in the activation process, suggesting that higher 
temperature enhanced the activation process.    

As claimed by other researchers, activation conditions can 
also influence the FTS activity [1, 3, 14].   Figure 2 shows the effect 
of activation pressure on FTS activity over syngas activated catalyst.  
Under atmospheric pressure, CO conversions of 42, 62 and 80% were 
achieved at 230, 250 and 270EC, respectively while a low CO 
conversion of less than 15% was obtained at all temperatures using 
1.3MPa pressure.  This result indicates that pressure had a 
detrimental effect on FTS activity with syngas activation.  A higher 
temperature yielded a higher stabilized CO conversion.  Figure 3 
shows the effect of H2 activation temperature on CO conversion.  
When temperature increased from 230 to 250EC, the peak CO 
conversion in the initial induction period was increased from 42 to 
58%, while the stabilized CO conversion did not change.  After 400 
hours on stream, a stabilized CO conversion of 40% was obtained at 
both 230 and 250EC.  At 270EC, however, both peak CO conversion 
and stabilized CO conversion were increased dramatically.  A 76% 
initial peak conversion and a 55% stabilized CO conversion were 
generated at 270EC.  Thus a higher activation temperature of 270EC is 
necessary for hydrogen activated iron catalyst.   
Selectivity    Higher activation temperature can produce a higher 
hydrocarbon rate when CO or syngas is used as activation gas, as 
shown in Figure 4.  When CO was used as activation gas, 
hydrocarbon rate remained unchanged when activation temperature 
increased from 230 to 250EC.  When activation temperature increased 
form 250 to 270EC, however, hydrocarbon rate improved from 1.67 
to 1.75 g h-1 g-Fe-1.  Activation temperature with syngas showed a 
greater effect on hydrocarbon rate than for CO activation.  An 
increase in activation temperature from 230 to 250EC improved the 
hydrocarbon rate form 1.16 to 1.29, and an increase in activation 
temperature from 250 to 270EC increased the hydrocarbon rate form 
1.29 to 1.64.  When H2 was used as activation gas, an increase in 
activation temperature from 230 to 250EC resulted in little change in 
hydrocarbon rate, while an increase in activation temperature from 



Fuel Chemistry Division Preprints 2002, 47(1), 161

250 to 270EC yielded a significant hydrocarbon rate increase from 
0.84 to 1.24.  Carbon monoxide activation yielded a higher overall 
hydrocarbon rate than either syngas or H2, regardless of the activation 
temperature.   
 Figure 5 gives the methane selectivity for the FTS with 
three different activation gases at 230, 250 and 270EC.  With CO 
activation, methane selectivity did not change as activation 
temperature increased in the range of 230 to 270EC.   Best overall 
methane selectivity was also obtained with CO activation and 8% 
methane was produced when CO was used as activation gas.  Syngas 
activation gave 12.2% methane selectivity at 250EC and ~8% at 250 
and 270EC.  Hydrogen activation yielded a methane selectivity of 8, 9 
and 10% at 230, 250 and 270EC, respectively.  The lowest methane 
selectivity of 7.6% was obtained at 250EC with CO activation and 
270EC with syngas activation while the highest methane selectivity of 
12.2% was produced at 250EC with syngas activation 
 Highest olefin fraction was obtained from H2 activation and 
the lowest from CO activation, as shown in Figure 6.  With the 
exception of ethylene, all olefin ratios decreased linearly with 
increasing carbon number, regardless of the activation temperature.  
Ethylene is believed to possess rapid readsorption ability in the FTS 
system [18-20].  Other explanations for the low ethylene are 
incorporation of ethylene into the growing chain [21-22], 
hydrogenolysis of ethylene [19] and hydrogenation of ethene [20, 23-
24].   
Water gas shift    Water-Gas shift (WGS) is an important reaction 
in an FTS process when iron catalyst was utilized. In this reaction, 
CO reacts with water, which is generated from FTS and produces 
CO2 and H2.  WGS produces the majority of the CO2 from FTS 
system, as given by equation [2].  Figure 7 shows the influence of 
activation temperature and activation gas type on CO2 selectivity.  
This indicates that activation temperature did not affect the CO2 
selectivity with CO activation.  With syngas and H2 activation, 
however, CO2 selectivity was affected by activation temperature.  
Carbon monoxide activation generated a CO2 selectivity of 45% 
regardless of the activation temperature.  As activation temperature 
increased from 230 to 250EC, CO2 selectivity increased from 41to 
45% with syngas activation, and from 43 to 47% with H2 activation.  
Further increase in activation temperature slightly raised the CO2 
from 45 to 46% with syngas activation, but lowered the CO2 
selectivity from 47 to 44.5% with H2 activation.  The highest CO2 of 
47% was produced with H2 activation at 250EC while the lowest of 
41%obtained with syngas activation at 230EC.   

Figure 8 shows that the effect of activation gas type and 
activation temperature on water-gas shift quotient.  With syngas and 
H2 activation, water-gas shift quotient increased monotonously as 
activation temperature increased from 230 to 270EC.  Increase in 
activation temperature from 230 to 250EC shows a slight decrease in 
water-gas shift quotient from 12.6 to 11, but an increase of water-gas 
shift quotient from 11 to 15.8 as activation temperature increased 
from 250 to 270EC.  The highest water-gas shift quotient was 
obtained with CO activation at 250EC while the lowest obtained with 
syngas activation at 230 to 250EC.   
 
Conclusions  

The highest CO conversion was obtained from CO 
activated catalyst, regardless of the activation temperature.  Although 
higher initial CO conversion was obtained, stabilized CO conversion 

(80%) is independent of the activation temperature when CO was 
used as activation gas.  In contrast, hydrogen activation yielded the 
lowest CO conversion among the three activation gases.  Syngas 
activation temperature increased the CO conversion as activation 
temperature increased from 230 to 270EC.  The results indicated that 
activation temperature and activation gas type showed a different 
influence on FTS activity.  Syngas pretreatment showed a great 
dependency of FTS activity on the activation pressure.  For high 
pressure, a low CO conversion was obtained, regardless of the 
activation temperature.  At atmospheric pressure, however, FTS 
activity was noticeably increased and activation temperature showed 
a significantly influence on CO conversion  

In addition to the FTS activity, CO activation showed the 
best overall hydrocarbon productivity and the best methane 
selectivity.  The lowest hydrocarbon rate was obtained from H2 
activation.   
 Syngas activation generated the lowest water-gas shift 
activity while CO activation produced the highest.  It was also found 
that activation temperature favored the WGS activity.  The higher 
WGS activity from CO activated catalyst resulted in a lower H2/CO 
usage as the WGS consumes CO and generated additional H2 in the 
FTS system.   
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Figure 1. Influence of activation gas on CO conversion 
(activated at 270°C; FTS conditions: 270°C, 1.3MPa) 
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Figure 2. Influence of syngas activation pressure and temperature on 

CO conversion (FTS conditions: 270°C, 1.3MPa) 
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Figure 3. Influence of hydrogen activation temperature on CO 

conversion 
(FTS conditions: 270°C, 1.3MPa) 
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Figure 4.  Influence of activation gas on hydrocarbon rate 

(FTS conditions: 270°C, 1.3MPa) 
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Figure 5.  Influence of activation gas on methane selectivity 

(FTS conditions: 270°C, 1.2MPa) 
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Figure 6.  Influence of activation gas on olefin ratio  
(FTS conditions: 270°C, 1.3MPa) 
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Figure 7 .  Influence of activation gas on CO2 selectivity 

(FTS conditions of 270°C, 1.3MPa) 
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Figure 8.  Influence of activation gas type on WGS quotient 

Q WGS = P[CO2]*P[H2] / P[CO]*P[H2O] 
(FTS conditions: 1.3MPa, 270°C) 
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Introduction 

Iron- based catalysts have been used in Fischer-Tropsch synthesis 
of hydrocarbons from syngas since 1923. It has been reported that the 
reducing pretreatments with H2, CO or syngas often have significant 
effects on the catalytic activity and selectivity of the iron-based 
catalysts. For instance, for unsupported iron-based catalyst systems, 
H2-reduced samples show obvious lower activities for FT synthesis 
than the CO- and syngas-reduced samples [1-2]. It has been regarded 
that reduction of the iron-based sample in hydrogen lead to a metallic 
state with serious sintering, and CO or syngas reduction lead to 
metallic state and small amounts of iron carbides without significant 
sintering. During performing FT synthesis, more iron carbides and 
iron oxides are formed. However, the purpose of the pretreatments of 
various catalyst systems have not been clearly understood, on which 
carefully investigations may deepen the understanding of the roles of 
the various iron phases in performing FT synthesis, and might be 
helpful to prepare catalysts with good activities.   
 
Experimental 
          Precipitated Fe2O3 sample used in this study was prepared in 
the usual batch-wise manner by adding ammonia solution into a 
solution of Fe(NO3)3�9H2O. The obtained precipitates were calcined 
in air at 350oC for 2h. The reduced samples were obtained by 
calcination of the precipitated Fe2O3 samples in a 40ml/min flow of H2 
or CO/He (20/80) at 300oC and atmospheric pressure for 6h. The 
treated samples were obtained by calcination of the H2-reduced 
sample in the CO/He flow or by calcination of the CO-reduced sample 
in the H2 flow at 300oC for 6h.  
          The diffuse reflectance FTIR spectra were recorded with a 
resolution of 4cm-1 and accumulation of 20 on a Bio-Rad FTS 6000 
FTIR spectrometer supplied with a MCT detector and a diffuse 
reflectance attachment. The infrared cell with ZnSe windows 
(Spectra-Tech Inc.) can be used at high pressures and high 
temperatures.  
            BET specific surface areas of the samples were measured by 
N2 physisorption at 77K, using a QUANTACHROME MONOSORB 
surface area analyzer and one-point BET method.  
           Activities of the reduced and treated catalyst samples for FT 
synthesis from syngas were measured using a slurry phase reactor with 
a volume of 100ml. 30ml of n-C16H34 was used as liquid  medium. 
0.3g of oxidized catalyst sample was used for each experiment. The 
reaction was carried out in a 30ml/min flow of syngas with H2/CO/Ar 
ratios of 62/33/5.0 at 1.0 MPa and 250oC. Analyses of the gas-phase 
products were performed by an on-line gas chromatography. The 
liquid products in the reactor and those collected in an on-line trap at 
0oC were analyzed by an off-line gas chromatograph after the 
reaction. Chain growth probability, α, was calculated using the C10-
C25 data. 
 
Results and Discussion  
          In- situ H2-reduced iron sample was subjected to the adsorption 
experiment in a syngas flow (H2/CO=2, 60ml/min) at 1.2MPa and 
room temperature. Figure 1a shows the spectrum recorded after the 

syngas adsorption was performed for 20min. Two very weak bands at 
2013 and 2033cm-1 can be observed. With increasing time, the bands 
at 2013 and 2033 cm-1 slowly increase. According to the literature [3], 
these bands are assigned to linearly adsorbed CO on metallic iron 
particles.  

 
Figure 1. Infrared spectra recorded from syngas adsorption on H2-
reduced Fe catalyst at 1.2 MPa and room temperature for 20min (a), 
and followed by flashing the sample in the high-pressure syngas flow 
up to 100oC (b) 
 
          After syngas adsorption for 20 min, the sample was quickly 
heated up to 100oC in the high-pressure syngas flow. The bands at 
2013 and 2033cm-1 become very stronger (Figure 1b). Thereafter, 
however, the bands gradually decrease in intensities. After remaining 
temperature at 100oC for 1h, the bands become as weak as those 
shown in Figure 1a. When the high-pressure syngas adsorption is 
directly performed at 100oC, the bands at 2013 and 2033cm-1 are even 
weaker than those observed by syngas adsorption at room 

temperature. 
 
Figure 2. Infrared spectra recorded from syngas adsorption on CO-
reduced Fe catalyst at 1.2MPa and room temperature for 20min (a), 
and followed by flashing the sample in the high-pressure syngas flow 
up to 100oC (b) 
  
          After high-pressure syngas adsorption at room temperature for 
20min, pressure was reduced and then syngas was replaced by helium 
at atmosphere pressure. The bands of gaseous CO disappear by simple 
helium flushing for about 0.5min. The sample was flashed up to 100oC 
after helium flushing for 3min. By flashing sample to 100oC in the 
helium flow, the bands at 2013 and 2033cm-1 become stronger. It is 
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also seen that these bands quickly diminish in the helium flow at 
100oC and disappear completely in about 2min. 
         These results suggest that the tremondous increase in intensities 
of the bands are not due to further adsorption of gaseous CO 
molecules, but due to recombination of the dissociative CO molecules 
bound on the catalyst surface at room temperature. The recombined 
CO molecules were initially adsorbed molecularly on the catalyst 
surface, followed by slowly desorption in the high-pressure syngas 
flow, or by quickly desorption in the helium flow at atmospheric 
pressure. 

 
Figure 3. Infrared spectra recorded from syngas adsorption on H2-
reduced Fe catalyst used for FT synthesis for 15min (a), 50min (b) and 
3h (c). The adsorption was performed at 1.2MPa and room 
temperature for 20min. 
 
          As shown in Figure 2, on CO-reduced sample, high-pressure 
syngas adsorption at room temperature gives four weak bands at 
1999, 2013, 2021 and 2033cm-1. Compared to the spectra of syngas 
adsorption on the H2-reduced sample, two new bands appear at 1999 
and 2021 cm-1. It is also observed that, as shown in Figure 2(b), 
quickly heating the sample up to 100oC in the syngas flow results in a 
great increase of all these four bands. Therefore, large quantities of 
CO molecules are dissociatively adsorbed on the CO-reduced catalyst 
at room temperature as well.  
          The bands at 1999 and 2021cm-1 may be assigned to CO 
adsorption on iron carbide species. The main reason for this 
assignment is that, as shown later in this paper, syngas adsorption on 
the samples used for FT synthesis gives rise to strong bands at 1999 
and 2021cm-1. This result strongly supports the above assignment, 
because during FT synthesis iron carbides are the only Fe0 species to 
be formed in large quantities. More investigations were performed and 
it is found that iron carbides on the CO-reduced sample can be 
converted to metallic iron by H2 treatment at 300oC, and metallic iron 
on the H2-reduced sample can be partly converted to iron carbides by 
CO treatment at 300oC. 
          On the H2-reduced sample used for FT synthesis for 15min, 
syngas adsorption gives rise to four obvious bands at 2013, 2033, 
1999 and 2021cm-1, as shown in Figure 3a, indicating that the metallic 
iron species on the surface are partly transformed to iron carbides. 
Figure 3b shows the spectrum of the syngas adsorption on the sample 
used for FT synthesis for 50min; the bands at 1999 and 2021cm-1 are 
growing, and the bands at 2013 and 2033cm-1 become very weaker. 
Figure 3c shows the spectrum of the syngas adsorption on the sample 
used for FT synthesis for 3h, the bands at 1999 and 2021cm-1 become 
very strong. These results clearly indicate that the metallic iron 
particles on the surface are gradually transformed to iron carbides. 

However, the iron carbides formed during FT synthesis exhibit very 
low ability for CO dissociation.  
          Syngas adsorption on the CO-reduced sample used for FT 
synthesis for 10min gives bands at 1999 and 2021cm-1 as well.  
Furthermore, it is noticed that the iron carbides formed on the CO-
reduced samples during performing FT synthesis have relatively higher 
ability for CO dissociation than that on H2-reduced sample.  

BET surface area data are shown in Table 1. The surface area of 
the CO-reduced sample is near to that of the oxidized catalyst 
precursor, but the surface area of the H2-reduced sample becomes 
very much low. The surface area of the CO-reduced sample is about 5 
times higher than that of the H2-reduced sample. After the H2-reduced 
sample was treated with CO at 300oC, its surface area increases 
significantly. On the other hand, after the CO-reduced sample was 
treated with H2, its surface area shows a slight decreae. 
 
Table 1 BET surface areas of various iron samples 
 
          Sample        reduction conditions     Surface area (m2*g-1) 
        
       Oxidized          -----                                             38 
        Reduced:       CO, 300oC                                  37 
                                 H2, 300oC                                      7 
        Treated:         CO, 300oC; H2, 300oC              33 
                                 H2, 300oC; CO, 300oC              11 
 
 
        As shown in Table 2, H2-reduced sample shows lower catalytic 
activity for FT synthesis than the CO-reduced sample. Over the CO-
reduced sample treated with H2, CO conversion becomes greatly 
reduced compared to that over the untreated sample. Conversely, over 
the H2-reduced sample treated with CO, CO conversion shows a 
sharp increase. These results clearly indicate that high surface area of 
the CO-reduced sample is not the main cause for the sample to show 
high activity for FT synthesis. The fine iron carbides formed during 
CO reduction of the oxidized sample or during CO treatment of the 
H2-reduced sample have played an important role in enhancing the 
activity of the sample.  
 
Table 2 Activity data of the iron samples after reaction for 7h 
 
Reduction                        CO conv.   Yields of CO2 & HC (CO%)       
α 
Conditions                       (CO%)         CO2       C1        C2       C3-5 
 
H2, 300oC                             24.1           4.2       2.9     1.9       7.4       
0.87 
CO, 300oC                           68.9          13.9      6.6     5.6     21.5      
0.85 
 
H2, 300oC; CO, 300oC      46.9            8.6       4.1     3.6     16.7      
0.85 
CO, 300oC; H2, 300oC      32.3            7.5       3.8     2.6        9.7      
0.86 
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Hydrocarbon synthesis from H2/CO in the Fischer-Tropsch 

synthesis (FTS) is a critical step in the conversion of coal or natural 
gas to petrochemicals and fuels. On Co-based catalysts, crystallite size 
and support effects do not influence turnover rates, but small amounts 
of Ru increase rates and C5+ selectivity. Co crystallites smaller than 
~6 nm, however, tend to oxidize during FTS. Promotion by Ru 
requires its intimate contact with Co, induced by RuOx migration and 
by formation of Co-Ru oxides. Ru domains on Co surfaces inhibit the 
formation of unreactive carbon species and preserve the initial number 
of Co surface atoms. Other promoters inhibit sintering (Re) or aid the 
reduction (Pt) of CoOx precursors. Catalyst synthesis by contact of 
supports with saturated Co precursor solutions and the slow reduction 
of Co precursors without air treatment lead to small Co crystallites (6-
10 nm), even at high Co concentrations.  

Water is the primary oxygenate product during FTS 
reactions on Co-based catalysts. Higher water concentrations in the 
synthesis gas reactant stream lead to higher hydrocarbon synthesis 
rates.  The C5+ selectivity and the olefin content in all hydrocarbons 
also increases with increases water content, while the CH4 selectivity 
concurrently decreases.  Kinetic isotope effects using CO/H2 and 
CO/D2 reactants showed that these changes do not arise from 
independent kinetically relevant steps introduced by water, since the 
observed isotope effects were not influenced by the reactant 
conversion level or by the water concentration. Reactant mixtures 
consisting of CO/H2/D2 and CO/H2O/D2O were used in order to 
probe the reversibility of hydrogen dissociation and water desorption 
steps.  H2 dissociation are quasi-equilibrated during FTS reactions, 
but water desorption steps are reversible but far from equilibrium. 
This leads to oxygen chemical potentials at Co surfaces that 
significantly exceed those set by the H2O/H2 ratios in the prevalent 
gas phase.  This surface chemical potential become the controlling 
variable in establishing the extent of oxidation of Co surfaces during 
FTS, a process that can lead to deactivation especially for well-
dispersed Co catalysts.   

In-situ infrared studies of the CO coverage during FTS 
showed that the number of CO binding sites is not influenced by the 
presence of water concentrations that lead to greater than two-fold 
increases in FTS reaction rates.  Thus, it appears that the role of 
water is not to increase the density of catalytic sites during FTS, a 
process that would have led to a rate increase, possibly via the 
scavenging of unreactive carbon-containing adsorbed species. The 
intensity of the linear adsorbed CO band did not change as H2O 
partial pressures increased from 0 to 300 kPa, but the band 
disappeared and reaction rates became very low at H2O/H2 ratios 
greater than 0.8, apparently as a result of surface oxidation.  Chemical 
transients effected by switching from H2/CO to H2 streams were used 
in order to measure the concentration of reactive adsorbed species 
during steady-state catalysis on Co/SiO2 and Co/SiO2.  The 
concentration of these carbon species was not influenced by the 
presence of water at concentrations leading to significant changes in 
FTS reaction rates and selectivity. In situ X-ray absorption 
spectroscopy showed that at typical reaction conditions, Co metal 
was the only Co-containing structure present on Co/SiO2 catalysts.  

FTS reactions proceed on Co and Fe via surface 
polymerization using surface alkyls as growing chains and CHx species 
as monomers.  Olefin readsorption influences C5+ and olefin 
selectivities by reversing chain termination to olefins.  Intrapellet and 
gas-liquid diffusional constraints increase the extent of readsorption 
and introduce catalyst design parameters (e.g., pellet diameter and 
void fraction, Co site density) unavailable in kinetic-limited pellets.  
The higher reactivity and lower diffusivity of larger olefins lead to an 
increase in growth probability and in paraffin content with increasing 
chain size. The pellet structure and the Co site density also influence 
CO diffusional restrictions, which decrease local monomer 
concentrations and inhibit chain growth. As a result, maximum C5+ 
yields are achieved using catalyst pellets with intermediate transport 
restrictions.  In packed-bed reactors, these optimum pellets require 
eggshell Co distributions, which decouple the size of the pellets from 
their characteristic diffusion distance. Smaller uniform pellets with 
higher site densities lead to optimum transport restrictions in bubble 
column reactors. 

Fe-based catalysts exhibit more complex structure-function 
relationships than Co and significant structural promotion by oxides 
(ZnO), metals (Cu, Ru), and alkali (K).  In situ X-ray absorption and 
transient product analysis methods confirmed FeCx as the active 
species and probed the kinetic details of the structural changes 
occurring during reaction.  Controlled pH co-precipitation, surface 
active agents added during drying, and promoters that convert Fe 
oxide precursors to high surface area FeCx at low temperatures led to 
Fe-based catalysts with higher productivity than reported Co-based 
catalysts (at 473 K, 2 MPa, H2/CO=2.1).  Although these Fe catalysts 
give higher CO2 selectivities than Co catalysts (6-10% vs. <1%), their 
lower selectivities to CH4 and to C2-C4 paraffins make them attractive 
catalysts, even for the synthesis of liquid fuels from H2/CO mixtures 
derived from natural gas. 
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Introduction 

Isosynthesis is the reaction that selectively converts syn-gas 
(CO+H2) to isobutene (and isobutane). It has been widely 
investigated over ZrO2 based catalysts in recent years [1-3]. The 
common problems in the isosynthesis are that it is difficult to 
obtain high activity and i-C4 selectivity at the same time and 
suppress the percentage of CO2 in the products (>40%). In this 
study, we report an effective catalyst loaded in a specially designed 
reactor that could selectively convert synthesis gas to i-C4 
hydrocarbons and in the meantime surely maintain a relative high 
CO conversion. Furthermore, the percentage of CO2 in the products 
was largely suppressed. 
Experimental 

Preparation of zirconia-based catalysts has been described 
in our previous work [4]. The hydrogenation of CO was carried out 
in two types of reactors at 5.0 MPa, 648-723 K and 650 h-1. One 
was a stainless steel tube (marked as Reactor A) that was normally 
used in most researches that performed at a high pressure [2,3]. 
Another was a specially designed reactor that contains a stainless 
steel line in which a quartz line was tightly fixed (marked as 
Reactor B). A Viton O-ring pressed by a locking nut was used to 
prevent the gas from leaking into the ringed gap so as to eliminate 
the influence of the metal wall. The reactor effluent was reduced to 
atmospheric pressure and then injected into two on-line gas 
chromatographs. 
Results and Discussion 

The results are presented in Table 1. Under the reaction 
conditions in this study, the products consisted primarily of 
hydrocarbons, CO2, methanol and dimethyl ether. About 19.6% CO 
was converted with 36.7% C4 selectivity in total hydrocarbons over 
ZrO2 catalyst in the stainless steel tube. However, the percentage of 
CO2 in the products was exceeding 60%, as normally reported in 
the literatures and the formation of C1–C3 was also remarkable. 
This would likely indicate that the metal wall of the stainless steel 
tube affected seriously the reactivity of the catalysts in the 
isosynthesis. The blank reactivity of the stainless steel tube also 
accounted for it. It can be seen from Table 1 that C1-C3 
hydrocarbons were the predominant hydrocarbons products in the 
blank experiments. In order to eliminate the influence of the metal 
wall on the isosynthesis, the reaction was performed on the 
specially designed Reactor B (quartz lined). The blank experiment 
of the Reactor B showed that much fewer amount of CO was 
converted (lower than 0.1%) compared with the activity conducted 
on the reactor A. Although the CO conversion was a little lower 
than the reactor A, the i-C4 selectivity in total hydrocarbons was 

largely enhanced (about 52.5%) with a much lower percentage of 
CO2 in the products (37.7%) over ZrO2 catalyst conducted on the 
reactor B. This would suggest that the quartz line reactor (reactor B) 
could eliminate the influence of metal wall, improving the 
performance of the catalysts in the isosynthesis. 

 
Table 1. Influence of the Type of Reactor On the 

Performance of the Isosynthesis a) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Selectivity of 
Products / % 

Distribution of 
hydrocarbons / (C 

mol%) Reactor Catalyst 
CO conv. 

/ % 
H.C.b) CHO c) CO2 C1-C3 C4 C5

+ i-C4 

A - 1.8 81.7 0 18.3 83.6 15.1 1.2 2.8 

B - < 0.1 51.7 0 48.3 100 0 0 0 

A ZrO2 19.6 38.8 0 61.2 50.8 36.7 12.5 26.9 

B ZrO2 16.3 51.5 10.8 37.7 19.6 58.1 22.3 52.5 

 
A: Stainless steel tube; B: Stainless steel tube in which a quartz 
line was tightly fixed. 
a) Reaction conditions: 673 K, 5.0 MPa, GHSV = 650 h-1, CO/H2 = 1.  
b) CH3OH + CH3OCH3  c) Hydrocarbons 

The percentage of CO2 in the products could be even more 
decreased over 15.3%Al2O3-0.5KOH-ZrO2 catalyst conducted in 
the reactor B at 673 K. The NH3, CO2-TPD experiments revealed 
that the performance of the catalysts strongly depended on the 
acid-base properties of the catalysts. An appropriate amount of 
moderately strong acid - base sites and ratio of basic to acidic sites 
on the catalysts are significant for an active catalyst to selectively 
produce isobutene and isobutane from CO hydrogenation. 
Conclusion  

The metal wall of the stainless steel tube reactor would 
affect seriously the reactivity of the catalysts in the isosynthesis. 
The quartz tube reactor would be favorable for the formation of 
i-C4 and decrease CO2 formation. The amount of acid - base sites 
and ratio of basic to acidic sites on the catalysts are significant for 
an active catalyst to selectively produce isobutene and isobutane 
from CO hydrogenation.  
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Introduction
Coal has been the main energy supplier over a century and

will continue being an important energy source in the 21st
century. Unfortunately, all the coal utilization technologies used
today, such as combustion and gasification, are inevitably
associated with CO2 emissions, and subsequently linked to the
greenhouse effect and climate change by the public opinion.
Therefore, the greatest challenge to achieve no environmental
impact or zero emission in the 21st Century Energy Plant i s
probably the elimination of greenhouse gases emissions.1

Mineral carbonation, that involves the reaction of CO2 with
non-carbonate minerals, such as serpentine, to form stable mineral
carbonates, has been lately proposed as a promising CO2

sequestration technology due to the vast natural abundance of the
raw minerals, the long term stability of the mineral carbonates
formed, and the overall process being exothermic, and therefore,
potentially economic viable.2 Furthermore, mineral carbonation
technologies could potentially provide a direct path to remove
CO2 when integrated with other systems, such as gasification
processes.  Using CO2 sequestration as a part of the gasification
process can be a highly efficient, environmental friendly and
economical alternative to combustion technologies, since the
volume of fuel gas in gasification is significantly lower than that
of flue gas generated by combustion.  In addition, the
concentration of CO2 is higher in fuel gas than in flue gas3.

In the present study, a lab-scale fluidized bed gasification
unit was used to investigate the effect of in-bed carbon dioxide
removal during coal gasification using activated serpentine,
which was produced by the novel active carbonation concept. 4

Experimental
Char Samples. For this study, a char was chosen instead of a

coal to prevent problems that may arise from the evolution of tars
within the gasifier bed.  The char used was collected from the
cyclone of a coal combustor unit.  Table 1 lists both the proximate
and ultimate analysis for the coal char investigated.  A
petrographic study showed that the char contained mainly
anisotropic carbon.5 The char was grinded and the particle fraction
between 60-100mesh (150~250µm) was collected and used for the
gasification experiments.

Table 1.  Proximate and ultimate analysis for the coal char
investigated (dry ash basis).

C H N S+O* Moist. Ash VM FC

84.76 0.02 1.22 0.26 0.17 13.74 1.97 84.30

* Calculated by difference.

Serpentine Samples. The serpentine samples come from the
Cedar Hills, USA. The particle size of the serpentine was less than
100mesh. Both the raw serpentine and activated serpentine (A-
SP) samples were characterized by N2 adsorption isotherms using
a Quantachrome Aotusorb-1 at 77K. The raw and activated

serpentine samples were placed in the fluidized bed gasifier and
used simultaneously as fluidizing and carbonation agents.

Gas analysis. An Agilent 3000A Micro GC was used to
analyze on-line the gas composition.  The instrument has two
channels with thermal conductivity detectors (TCD) that are
capable of performing gas analyses within seconds. There is a
10m×0.32mm MolSieve 5A PLOT column and an 8m×0.32mm
PLOT U column in channel A and B, respectively. Channel A
uses Argon as carrier gas and Channel B uses Helium as carrier
gas. The column temperature is 100 and 90oC for channel A and B,
respectively.

Gasification experiments.  The gasification tests were
conducted in a lab scale bench fluidized bed gasifier. The diameter
of the gasifier was 45mm. Typically, around 20g char or 20g char
and 2g serpentine was put into the gasifier for each run. The
reactor was heated up to the desired temperature under N2, and
then  steam mixed with N2 was fed into the gasifier to conduct the
gasification reaction. In present study, the operation temperature
was 950oC and the total gas flow rate was 1,475mL/min
(67.73%vol steam). The composition of the produced gas was on-
line analyzed using the Agilent 3000A Micro GC.

Results and Discussion
Characterization of raw and activated serpentine samples.

Figure 1 shows the N2-77K adsorption isotherms for the raw and
activated serpentine samples. For the activated serpentine, the
adsorbed volume increases rapidly at low relative pressure, but i t
keeps increasing progressively, and there is a distinct hysteresis
loop in the isotherm, which indicates that the sample porosity is a
mixture of micropores (<2nm in width) and mesopores (2-50nm in
width). Compared to the raw serpentine, the activated sample has
developed significant microposity. The adsorbed volume
increases significantly for the activated sample compared to that of
the raw serpentine sample, indicating that the activation process
has increased the surface area of the activated sample. Indeed, the
BET surface area has gone up an order of magnitude to 142m2/g
compared to only~16m2/g for the raw serpentine.
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Figure 1.  N2 77K isotherms of the raw and activated serpentine
samples.

Char gasification with and without activated serpentine
addition.  Figure 2 shows the variation of the gas composition
with reaction time for the char gasification experiment without
serpentine.  It can be seen that the concentrations of H2, CO and
CO2 are lower than previously reported by the authors for coal
gasification.6  This could be due to the low reactivity of the coal
char used.  The water decomposition ratio here was just 16.67%,
which is much lower than average 30% level. 6  In addition, a
gasification experiment of the char mixed with activated serpentine
was conducted at the same operation conditions as for the char
alone gasification (Figures 3-4).
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Figure 2.  Variation of the gas concentration with reaction time for
the char alone gasification experiment.

Figures 3 and 4 show the variation of CO2 and CO+H2

concentrations in the fuel gas with reaction time for the char and
activated serpentine (A-SP) gasification compared to that of the
char alone gasification. As expected, the CO2 concentration
decreased for the char+A-SP gasification experiment, and at the
same time, the CO+H2 concentration increased compared to that of
the char alone gasification. During the relative steady gasification
period (between 15~70mins), for the char+A-SP gasification, the
average CO2 concentration was 4.61%vol, and the average CO+H2

concentration was 27.03%vol. For the char only gasification, the
average CO2 and CO+H2 concentrations were 5.14%vol and
26.44%vol, respectively. Therefore, the CO2 concentration
decreased about 10% (from 5.14% to 4.61%), while the CO+H2

concentration increased about 3.25% (from 26.44% to 27.30%) for
the char gasification when activated serpentine was added. This
indicates that the activated serpentine could have reduced the
CO2 concentration in the fuel gas, possibly due to mineral
carbonation reactions.  Further characterization studies of the
activated serpentine minerals after gasification are being
conducted to understand its role during the gasification process.
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Figure 3. Variation of CO2 concentration in the fuel gas with
reaction time for the char and activated serpentine (A-SP)
gasification compared to that of the char alone gasification.
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The water shift reaction (H2O + CO ↔ CO2 + H2), which will
determine the gas composition is a crucial reaction during
gasification process.  Accordingly, the rate constants of water gas
shift for the char alone and char+A-SP gasification experiments
were calculated, and Figure 5 shows the variation of the rate
constant with reaction time. It was found that the rate constant
was higher at the beginning of the gasification and then decreased
slowly with gasification process, keeping virtually constant for
reaction times over 75 minutes.  The rate constant for the char+A-
SP gasification is lower than that for the char alone gasification.
The rate constants reported here are lower than the theoretical
equilibrium constant (about 0.45 at 950oC).  The variation of the
reaction rate constant with different operation conditions
indicates the magnitude of the driving force for the water gas shift
reaction to occur in the positive direction.  When activated
serpentine is used in the gasifier bed, there is a reduction of the
CO2 concentration in the flue gas, suggesting that mineral
carbonation of the activated serpentine during the gasification
process could potentially produce high quality syngas (CO+H2)
with low CO2 content.
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Conclusions
In this work, a lab-scale fluidized bed gasification unit was

used to investigate the effect of in-bed carbon dioxide removal
during coal gasification using activated serpentine.  There was an
improvement in the quality of the fuel gas produced (reduction of
CO2 concentration and an increase in the CO+H2 content) when
activated serpentine was added in the gasifier bed.  It seems that
the carbonation reaction may have occurred during the
gasification process in order to reduce the CO2 concentrations.
Further work is underway to study the reaction mechanisms of
simultaneous gasification and carbonation, and to develop a
process that can integrate gasification and sequestration in order
to produce high purity H2 with zero emission of CO2.
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Introduction
Gasification of biomass leads to more or less production

of a tar. A lot of research has bean done to crack this tar into
carbon monoxide and hydrogen. In this paper we will present an
alternative way of using the tar. The purpose with here is to
present some results of stabilizing tar from gasification of
biomass by hydrotreatment with a commercial CoMoS-catalyst.
We are here focusing on finding the optimum temperature for
hydrodeoxygenation (HDO) of the tar. The effects of pressure and
liquid hourly space velocity (LHSV) are also studied. The results
are based on five analysis methods: elemental analysis, 1H-NMR,
FT-IR, GC and water content analysis.

Experimental
The raw material for this study was tar formed in a

gasification plant in Tervola, Finland. The type of gasifier was a
mixture of up- and down-draught. To pump the tar through the
continuous hydrotreating system a piston pump was used. The tar
was filtered with three sieves with the mesh sizes of 710 µm, 125

µm and 45 µm. In this study a commercial CoMo catalyst called
Akzo Ketjenfine 702 was used. The catalyst was sulfided in the
reactor by exposing the catalyst to a gas mixture of H2/H2S
90/10% by volume. The hydroprocessing system study consisted
of a feed tank, a reactor and a separator, which were connected to
each other by _-inch stainless steel pipes (REF REACYTOR).
Since Baker et al. (1) used up-flow mode for upgrading flash
pyrolysis tar in their hydroprocessing apparatus to prevent reactor
bed blocking, that mode was also used here. The reactor was filled
with 40 ml of catalyst.

Results and Discussion
Analysis of the gasification tar.  The properties

of the feed tar formed in gasification of biomass are reported in
Table 1. The water content was 8.14 %, which is relatively low
compared to bio-oils produced by fast pyrolysis. The water in the
tar together with the water produced by the hydrodeoxygenation
reactions deactivates the hydrotreating catalyst in two ways.
Water molecules may, according to Furimsky (3), adsorb to anion
vacancies and thereby block active sites and Grange et al. (4)
reports that water also alters the structure of γ-Al2O3 support

materials. If the γ-Al2O3 is hydrated into the boehmite

Table 1.  Properties of gasification tar
Elemental analysis
(on wet basis)

Weight
percent

GC
analysis

Mole % of
carbon

C 64.46 Gasoline ∼0
H 7.21 Kerosene 11.5
N ∼0 Gas oil 61.0

O (by difference) 28.33 Residue.
369°C+ 27.5

phase the characteristic porous structure will be lost. The reactants
will then have reduced access to active elements in the support
material. However, water in bio-oils also lowers the viscosity and
makes the bio-oils more stable. Moreover the elemental analyses
showed that the tar contained less oxygen than bio-oils from fast
pyrolysis, which have a typical oxygen content of 44-46% by
weight including the oxygen in the water. The GC analysis showed
that the amount of compounds in the lighter fractions of the tar
was relatively small. In the IR spectrum of the tar, which is
reported in Fig. 2, it can be seen that the tar was a cocktail of
different hydrocarbons. Since the objective was to remove as much
organically combined oxygen as possible the most interesting
peaks for this study were: alcohols at 3550-3200 cm-1 (O-H
stretching) and above all carboxylic groups at 1780-1630 cm-1

(C=O stretching).

Hydrodeoxygenation of gasification tar by
catalytic hydrotreatment.  The first hydrotreating run was
performed at high temperature (370°C) and pressure (10.0 MPa).
The reactor was quickly blocked with coke and therefore it was
confirmed that the tar must be pre-stabilized to be able to treat it at
temperatures of about 400°C. In the last run the temperature and

pressure were set to 300°C and 11.0 MPa. Then the reactor bed was
also blocked by coke. Therefore the pre-Hydroprocessing of
temperature of the tar must be in the temperature interval 200-
300°C in similar way as for bio-oil produced by flash pyrolysis
(1). The elemental analysis of untreated tar showed that it
contained 28.3-weight percent oxygen, including the oxygen
atoms in water. In Fig. 1 the elemental analyses show that the
oxygen content of the tar clearly decreased with increasing
hydrotreating temperature, as expected. The explanation for this
result is that the higher the temperature the higher HDO reaction
rates. The oxygen content decreased from 28.3 weight percent to
24.4% at the 7.0 MPa pressure level and to 21.6% at the 11.0 MPa
pressure level when the temperature was increased from 200 to
280°C. It might seem like a small reduction of oxygen-containing
compounds in the tar. But one must remember that the most
reactive species have been deoxygenated. The influence of
pressure on the HDO of tar, see the results from the elemental
analyses in Fig. 1 was that the oxygen content decreased with
increasing pressure. This is logical since the higher the hydrogen
gas pressure the higher the concentration of active hydrogen
atoms on the surface of the catalyst, which in turn leads to higher
HDO reaction rates. The dependence of the pressure is not as
strong as the temperature dependence.
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Figure 1.  Elemental analysis: Effect of temperature on the
oxygen content in hydrotreated tar. LHSV: 2.2 ± 0.3 h-1.

At the lower pressure 7 MPa the same results were
received as for the 11 MPa case. In Fig. 2 the carbonylic peaks in
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the FT-IR spectra for untreated tar and hydrotreated tar at 7 MPa is
zoomed in. It is clearly seen that the carbonylic absorption
decreases with increasing hydrotreating temperature. Since the
carbonylic absorption is a measure of the concentration of
carbonylic compounds in the tar it is concluded that amount of
C=O groups decrease with increasing temperature. For
hydroprocessing at 11 MPa the results were similar.
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Figure 2.Comparison of FT-IR spectra for untreated tar and
hydrotreated tar. Conditions: 7.0 MPa, LHSV= 2.2 ± 0.3 h-1.

In the beginning of the test series a run with the following
settings was performed: 10.0 MPa; 200°C; LHSV= 4.5 h-1. To
examine if the catalyst was deactivated during the experiments, a
run with approximately the same hydrotreating conditions as
above was carried out at the end of the test series: 10.0 MPa;
200°C; LHSV= 4.6 h-1. The FT-IR analysis showed that the
carbonylic peak heights of the two samples were 0.1995 and
0.1997 Absorbance units, respectively. Therefore approximately
no deactivation of the catalyst could be indicated from the FT-IR
analyses. Total time on tar stream was 42 hrs. When
hydroprocessing tar from high-pressure liquefaction Gevert (5)
found that the deactivation was quick during the first hours and
leveled out to be constant. The same behavior is found here.

The results from the GC analyses in Fig. 3 show that the
fraction of compounds with relatively low boiling points increase
on the expense of compounds with high boiling points when the
gasification tar was hydrotreated. This result is general for all this
result is general for all hydroprocessing conditions analyzed. The
explanation is that when the oxygen-containing compounds
become hydrodeoxygenated the effect of hydrogen bonding and
dipole-dipole interactions will decrease, which in turn means that
the boiling points of hydrodeoxygenated compounds will be
lowered. It is also interesting that the kerosene fraction increases
from ∼10 to ∼20 mole percent already at 200°C, since the definite
aim with this project is to produce aviation fuel from biomass.
One possible reason to why the effects of LHSV and pressure from
the FT-IR analyses were inconclusive could be that these effects
only were studied at 200°C. At such mild conditions very few HDO
reactions occur and it is therefore hard to say in what way different
parameters influence the result. However, high hydrogen gas
pressure and high LHSV counteracts coke formation and in that
way the catalyst lifetime can be prolonged. The optimum

hydrotreating condition for hydrodeoxygenation of the tar was
thereby found to be 280°C, 11.0 MPa and LHSV=2.3 h-1. Should
the definite objective with this project fail, which is if it is
difficult to produce aviation fuel components from tar formed in
gasification of biomass with aid of
hydrotreatment/hydrocracking, the product could be used to
replace fuel oil. Then the value of the product would be lower but
the environmental profits would remain.
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Figure 3. GC analysis: Effect of temperature on the yield of
different fractions in hydrotreated tar and unhydrotreated tar.
Pressure: 11.0 MPa, LHSV: 2.2 ± 0.3 h-1

C o n c l u s i o n s
Tar from gasification of biomass can be

hydroprocessed.. The oxygen content of the tar decreased with
increasing hydrotreating temperature. At temperatures >300°C the
hydrotreating reactor was blocked with coke. Therefore it was
concluded that the maximum (optimum) hydrotreating temperature
was 280°C.The elemental analysis showed a tendency for
decreasing oxygen with increasing pressure.The FT-IR analyses
could not indicate any deactivation of the catalyst.Optimum
hydrotreating condition was found to be: 280°C; 11.0 MPa; LHSV
= 2.3 h-1.
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Introduction
Conversion of biomass and waste into fluids could provide a

sustainable alternative to increased use of fossil fuels.
Alternatively, synthetic chemicals could be produced from
renewable resources instead of petroleum, with a positive
environmental effect.  However, many types of widely researched
processes of biomass pyrolysis do not give liquid products that are
compatible with petroleum fluids.  Since this would make the
introduction of alternative fuels and raw materials much easier, a
study of pyrolysis in an aqueous reaction medium aimed at
optimising the yield of hydrocarbon-rich fluid products has been
made.

Three types of clean vegetable biomass and five types of
organic rich waste materials have been pyrolysed in batch reactors
in the presence of excess water.  Experimental designs covering a
range of conditions with regard to temperature, duration, water
content and catalysts have been used with the aim of maximising
the yields of liquids, and providing a maximum of the hydrocarbon
fractions or petroleum compatible liquids.  The gas, organic-,
aqueous and solid phase products have been fractionated, quantified
and analysed to provide yield profiles and mass balances.

Experimental
Batch pyrolysis experiments were performed in 21 ml

stainless-steel autoclaves.  The pyrolysis conditions were varied
in the ranges given in Table 1.  The biomass samples were clean
wood and Miscanthus, various sewage sludges and industrial by-
products. A fractional factorial design was used for each biomass
type.  1 M aqueous solutions of KOH or NaOH were used as
catalysts.  Addition of zeolites and other solid catalysts were also
tested.  More than 200 experiments have been performed.

Table 1: Pyrolysis Conditions
Parameter Range
———————————————————————————
Temperature 320 - 500 °C   (mostly 340-380 °C)
Duration 3 - 96 hours    (mostly 6 and 17 hours)
Amount of biomass 0.2 - 4 g          (mostly 0.5 -
3 gram)
Amount of water 0.5 -15 ml        (mostly 2.2 - 9 ml)
Catalysts
———————————————————————————

The fluids were extracted and quantified gravimetrically, and
fractionated into asphaltenes and oils by n-hexane precipitation
and further separated in a silica micro-column to give
hydrocarbons and a polar fraction.  The coke yield was determined
by weight and TOC measurements.  The gas-phase and aqueous
products were also analysed and quantified.  A mass sum of
recovered products was calculated from each experiment.
Multivariate data analysis is used to relate the yield profiles to the
experimental conditions.  

Results and Discussion
The product profiles are a function of the experimental

conditions, with a high water-to biomass ratio giving a high yield

of liquids relative to coke.  The biomass stating material is ,
however, the dominating factor for the products.  The maximum
liquid yields are obtained from degraded sludges with high organic
contents, while vegetable biomass produces more coke and
asphaltenes, and relatively more of the polar fractions in the
liquids.  Figure 1 shows the liquid yields from 1 gram of four
biomass types after pyrolysis at 380 ºC for 17 hours.  

The reaction conditions can alternatively be optimised to
give aqueous short-chain organic acids as the major product.
Addition of a base together with excess water suppresses coke
formation completely, but increases thee yields of aqueous organic
acids and CO2 by “capture” in the aqueous phase.  Hydrocarbon
gases are minor products at all conditions tested.

Addition of homogenous and heterogeneous catalysts
changes the yield profiles significantly, but the effects are often
not the same for the different starting materials.  The addition of a
base improves the yields from the vegetable biomasses, but has a
slight negative effect for the sludges.  The presence of potassium
ion results in significantly improved hydrocarbon yields in most
systems.  
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Figure 1. Examples of liquid yields from four biomass types at
380 ºC for 17 hours, with 1 g of dry biomass to 9 ml water in a 21 ml
reactor.
H-C:  Hydrocarbon  fraction.
Sample 1:  Clean woody biomass with 1 M KOH
Sample 2:  Miscanthus stem with 1 M KOH
Sample 3:  Sewage sludge from a chemical treatment plant with 1 M NaOH
Sample 4:  Sludge from an industrial bio-filter with 1 M NaOH

C o n c l u s i o n s
Solid biomass and organic wastes are converted to liquids in

high yields by pyrolysis in autoclaves in excess water. The
product is a petroleum-like fluid, but contains more non-
hydrocarbon compounds than crude oils.  However, the
composition of the fluid is very dependent upon which raw
material is being used,  and on the reaction conditions. The
following systematic relationships are observed from the
experimental designs:

• The initial biomass composition determines the reaction
pathways and product spectrum in pyrolysis in aqueous
conditions.

• Degraded biomasses give the highest yields of fluids.
• Excess water as reaction medium increases the fluid

yields for most biomass types.
• High carbohydrate biomass types produce high coke

yields in the absence of potassium and base.
• Degraded biomass gives high fluid yields with no base

added.
Further optimisation on specific raw materials has a good

potential for providing petroleum compatible sustainable fuels.
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Introduction 

With recent widespread urgency in solving environmental 
problems, local environmental contamination in the past has become 
a serious worldwide problem in such forms as greenhouse effects, 
acid rain, and ozone depletion.  In order to cope with these problems, 
many countries are trying to mandate to curb the amount of CO2 
emission, to install facilities for reducing SOx, NOx in addition to 
regulate the use of CFC materials.  Since the gasification can solve 
many of the current environmental problems even with energy 
recovery for wastes, many processes are unveiled during the last 
decade.  In particular, recent interest in the gasification process itself 
that has been renewed in many developed countries yielded several 
noteworthy process developments for unconventional feedstock like 
biomass and municipal solid wastes.   

Gasification research has been existed in Korea from late 1940’s 
without much success. As in other developed countries, renewal of 
the technology starts just after the 1st oil crisis in the early 1970’s 
even though they were basic studies. From 1990’s, after the potential 
impact of IGCC (Integrated Gasification Combined Cycle) 
technology on the coal-utilizing power plants was recognized after 
the Cool Water project in USA, Korea started the small-scale process 
research. From 1993, pilot-scale gasification facilities were 
constructed in Korea and since then high-pressure gasification for the 
nine imported coals were performed. With the accumulated 
knowledge regarding the gasification, application area is being 
explored for waste feedstock from late 1990’s in Korea. 

Environmental concerns regarding the old-style coal-utilization 
and waste treatment technologies have prompted the development 
and application of gasification processes that produce far less 
pollutants like SOx, NOx and dioxins while recovering energy 
mainly as a chemical energy of CO and hydrogen. In Korea, coal 
needs to make up at least 1/3 of total generated electricity while 
waste incineration faces many challenges in convincing its 
environmental cleanness, especially with respect to dioxins and 
possibility of heavy metal leaching from the combustion ash. During 
the last eight years, Korea has prepared the application possibilities 
of gasification process into coal and wastes in that process cost and 
system availability were the main obstacles. In this paper, current 
research status of gasification research using coal and combustible 
wastes is discussed.  
 
Gasification Facilities 

A dry-feeding entrained-bed type gasification facility, that is 
located at Ajou University in Suwon, Korea and can treat 3 ton/day at 
maximum 30 bar, 1650oC has been built in April 1995.  Figure 1 
shows the facility (8 m x 17 m x 20 m) located in 30 m x 50 m space 
and the corresponding 3-dimensional PDS (Process Design System) 
picture.  Main target feeds are subbituminous and bituminous coals, 
but petroleum coke is also possible to gasify. Coal feed is identical 
size with that of conventional power plants using pulverized coal, as 
80-90% passing -200 mesh.  Pulverized coal is pneumatically 
conveyed with nitrogen gas at dense-phase into the feeding nozzle 
system, where 99%-purity oxygen and steam are mixed with the coal 

powder.  Steam is injected separately from the oxygen and coal 
powder. 

Normal operation consists of the preheating, pressurization, 
transient operation, normal gasification operation, and the shutdown 
steps.  LPG burner at the bottom of the gasifier did preheating of the 
gasifier at least for 20 hours.  Then, nitrogen is introduced to 
pressurize the gasifier till the operating pressure range in less than 30 
min, after this step, oxygen and coal powder are being fed into the 
gasifier.  Coal supply is first started at the low feeding range in order 
not to cause any sudden pressure buildup in the gasifier and thus 
causing any back pressurization into the coal feeding lines.  This step 
takes normally less than one hour. Normal hot test operation step for 
obtaining gasification data is maintained at the steady state for at 
least 4 hours to provide enough gas, slag, and other process data. 

Figure 2 show the view of the gasification facility that was being 
developed for the liquid or slurry type combustible wastes. Maximum 
pressure and temperature for the operation are 10 bar and 1550oC, 
respectively. Left-side view shows the waste-oil feeding facility 
including the heating lines for waste oils. Right-side view illustrates 
the main gasifier and the carbon scrubbing system. 

 

 
 
Figure 1. View of the 3 ton/day gasifier system and the 
corresponding 3-D design view. 

 
Figure 2. Feeding facility (Left) and the gasifier section (Right) of 
the 1 ton/day-class waste-oil based gasification facility. 

 
Results and Discussion 

Total 9 coals were tested under the high-pressure conditions of 12-
29 bars and high temperature of 1400-1550oC.  Important gasification 
parameters like carbon conversion and cold gas efficiency for the 
tested coals showed above 95% and 65-80%, respectively, depending 
on the coal used. 1 

Among coal properties influencing the gasification process, the 
removal rate of surface moisture content after drying was more 
important than the total moisture content in the coal feeding system.  
In the aspect of ash in coal, since most gasifiers remove ash as a 
molten slag, ash characteristics are one of the most important 
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parameters. Among the attributes of ash characteristics grasped in the 
study, a certain amount of ash in coal exhibits more favorable 
performance when judging from the experimental point of view.   

From experiments that applied in coals of 2-11% ash content, due 
to satisfactory slag shapes and reasonable shape in coating refractory 
wall by tested coals, ash content of the coals proved to be in 
reasonable range for the application in the dry-feeding gasifier.  Also, 
ash-melting temperature applicable in the dry-feeding gasifier was 
estimated to be better in the range of 100oC lower value than the 
gasifier reaction zone temperature of 1400-1500oC.  That is, coals 
showing ash-melting temperature in the range of 1300-1400oC were 
thought to be best candidate coals for the slagging gasifier. 

Most coals of bituminous and subbituminous rank, except coals of 
high fuel ratio (fixed carbon/volatile matter) and high ash content like 
Australian Curragh (VM 20.0%, FC 56.8%, Ash 16.1% as-received) 
and Russian Denisovsky (VM 20.1%, FC 59.1%, Ash 12.1% as 
received) coals, were all successfully applicable in the dry-feeding 
slagging-type gasifier. 

Wastewater sludge was melted under combustion conditions 
yielding slags as shown in Figure 3.  Left-side slag was obtained 
from the as-received feed (CaO/SiO2=0.11) whereas the right-side 
slag that exhibits lower flow viscosity was produced after adjusting 
CaO/SiO2 ratio as 1.0.  Through the tests, self-reacting calorific value 
for the waste water in the facility was determined as 4,100 kcal/kg-ds, 
which is more or less higher than reported 3,500 kcal/kg-ds 2 
probably due to the insulation depth of the reactor. 
 

 
 
 
 
 
 
 
 
 
 
 
 
Figure 3. Slags obtained from wastewater sludge (unit: cm). 

 
Inner structure of slag after gasification and ash after combustion 

was analyzed by XRD for the samples obtained from Australian 
Drayton coal as shown in Figure 4. While combusted ash samples 
show the crystal structure of CaSO4, SiO2, etc., slag samples exhibit 
an amorphous structure where all crystal structures in mineral matter 
were melted without much crystalline nature. Slags that were formed 
after melting under high temperature gasification temperature and 
solidification by cooling appear to bind the heavy metal components 
into the slag structure during the process.  As demonstrated in Figure 
4, heavy metal components appear to be intertwined with melted 
mineral matter components, so that the inner structure of slag is 
amorphous.  According to the leaching tests on slags, Cu, Cr, Pb, Cd, 
As, Hg that are regulated as a heavy metal pollutants in a leached 
water in Korea were not detected at all.  Thereby, coal slag can be 
safely utilized as a construction material or filler for road asphalt and 
proves not to cause any secondary pollution.  Usually coal flyash 
from a boiler causes a secondary pollution by leaching. 

One of the main focuses in the waste-oil based gasification is in 
minimizing soot production with minimum additional fuel to treat 
heavy metal containing wastes.  More than 50% of waste-oil is reused 
through simple distillation as a fuel oil in Korea only for the 
designated boilers as a public bath place.  Current obtained carbon 

conversion was 93% while the cold gas efficiency reached 71% for 
the waste oil.  Another point is the control of residence time for 
different waste characteristics of melting temperature and slag 
viscosity for smooth slag discharge. 

Figure. 4. XRD results of ash and slags from Drayton coal: 
combustion ash (Top) and slags (Middle: from 3 ton/day gasifier, 
Bottom: from commercial-scale gasifier).  
 
Conclusions 

Slagging coal gasification pilot plant has provided the fundamental 
technologies that was a basis for the development of slagging 
combustor/gasifier using the waste feed like a sludge and waste oil. 
Coal gasification system yielded carbon conversion of above 98% 
and above 70% cold gas efficiency for the Indonesian subbituminous 
coals that were the best-suitable coals for gasification among the 
tested nine imported coals. Wastewater sludge was successfully 
treated at the developed combustion/melting process with above 90% 
slag-conversion and without any leaching problems of heavy metal 
components in slags. Gasification/melting process utilizing the 
calorific value of waste oil as a heating energy in melting has been 
installed and tested, in that powder-type wastes are converted into 
environmentally benign products with minimum extra fuel 
consumption. Developed combustion/melting process proved that 
designated-waste sludges can be treated cheaply compared to 
incineration, although general-waste-class sludges are yet to be 
competitive with conventional land-filling. Wide application of the 
technology requires more stringent environmental regulation that will 
in turn stimulate advanced process developments. 
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Introduction
Conventional paraffin based jet fuels are solely derived from

petroleum and are, in addition to serving as the fuel source,
designed to act as coolants for the engines and electrical parts of
the aircraft at temperatures up to 300°C (1).  Lately there has been
a driving force towards the development of jet planes that can
operate at speeds reaching several Mach (2).  The increased heat-
load generated by friction with air on the body of the jet plane, the
need for compressed air during combustion and higher rate of fuel
injection into the engine will result in the fuel experiencing
extreme temperatures when acting as coolants (3).  These
temperatures can reach levels around 500°C or above, and can
result in severe coking of the fuel in the fuel-line although the
contact time will be on the order of a few seconds.  This problem
has been identified especially for paraffinic based jet fuels, while
naphthenic based jet fuels with a natural content of hydrogen
donor compounds have shown improved thermally stability at
these high temperatures (4).  Correspondingly, feedstocks that can
yield both naphthenes and hydrogen donor compounds will yield
jet fuels with improved thermal stability.  

One such route is outlined in Scheme 1.  Pyrolysis of coal
generates tars and liquids with a high content of aromatic
compounds.  From the pyrolysis product a stream with a tailored
composition of aromatic compounds can be obtained.
Hydrotreating and hydrogenation of such streams can yield
naphthenic (cycloalkane-rich) liquids that have jet fuel
characteristics. One such example is refined chemical oil (RCO)
that is obtained from coal tar from by-product coke ovens (5, 6).
Although aromatic streams can also be obtained from petroleum,
such as light cycle oils, the high degree of alkylation of the
aromatic rings lowers the thermal stability of the hydro-treated
products from these streams compared to coal derived streams (7).
From Scheme 1 other possible routes for the use of coal pyrolysis
products are also outlined.  Partial hydro-treatment of the aromatic
streams from coal pyrolysis generate streams high in hydrogen
donor compounds, such as tetralin, that could either be used as a
fuel on its own, or used as thermal stability boosters for paraffinic
derived fuels from petroleum or synthesized from coal gasification
products.  In addition, fully saturated naphthenic streams may also
show high thermally stability in itself, or when partially mixed
with the hydrogen donor containing stream.  

Accordingly, in this study a refined chemical oil and two
hydro-treated products with varying contents of aromatic,
hydroaromatic and naphthenic compounds, were characterized and
probed for their thermally stable properties. The various chemical
compositions of the hydrotreated pyrolysis products were tested
for their function as thermally stable jet fuels in the pyrolytic
regime.  In particular, the coal-derived jet fuels were able to
withstand temperatures up to 820°C at short contact times even in
the presence of dissolved air, while the paraffinic structure of the
petroleum-derived jet fuel started decomposing below 720°C.  The
role of the chemical composition of the coal pyrolysis product

towards the thermal stability of the resultant hydrotreated liquids
was also investigated.

  Coal   Petroleum

  Predominantly
  paraffinic
  compounds

  Highly
  aromatic
  liquids

  Selection of naphthalene
  rich fraction

  Fully saturated
  decalin rich
  liquids

  Partially hydrotreated
  tetralin rich liquids

  Paraffin based jet fuel
  with hydrogen donor

  Naphthenic based
  jet fuel

  Hydrogen donor
  based jet fuel

  Naphthenic based jet fuel
  with hydrogen donor

 Pyrolysis

  Gasification and
      synthesis

  Hydrotreatment

Scheme 1.  Scheme of the possible use of coal and petroleum for
the production of thermally stable jet fuels, highlighting the role
of coal pyrolysis.

Experimental
A refined chemical oil (RCO) was hydro-treated in two steps:

(i) severe hydro-treatment of the RCO at 385°C to produce the
partially hydro-treated HDT-RCO, and (ii) further saturation and
dearomatizing at 315°C to yield SAT-RCO.  The jet fuel samples
were produced in a pilot plant facility by PARC (8).  The flow
reactor setup has been characterized elsewhere (9).  The GC-MS
was performed on a Shimadzu GC-174 coupled with a Shimadzu QP-
5000 MS detector.  

Results and Discussion
Characterization of samples. The overall

chemical makeup of the original refined chemical oil (RCO), its
hydrotreated derivative (HDT-RCO) and its fully dearomatized
fraction (SAT-RCO) is compared with the standard petroleum-
derived jet fuel, JP-8P, in Figure 1.  The original RCO is, as
expected, highly aromatic and mainly a mixture of naphthalene
and its alkylated derivatives, with about 10% alkylated benzenes
and around 15% of aromatic compounds with three rings or more.
The severe hydrotreatment at 385°C produces a range of
hydroaromatics such as tetralin and hexahydroacenaphthalene
(HDT-RCO).  However, still there are some aromatic compounds
remaining.  Also, upon hydrotreatment virtually all of the 3+
aromatic rings compounds have one or more of the rings
hydrogenated, transforming them into hydro-aromatics.  A similar
change was found for the naphthalenes, where the major
hydroaromatic was tetralin and its alkylated derivatives.  The
alkyl-benzenes were transformed to cyclo-alkanes.  When fully
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dearomatized into SAT-RCO, essentially all the aromatics and
hydroaromatics have been converted to cyclo-alkanes, which
account for over 98% of this fraction. The dearomatization of the
coal-derived liquid causes a dramatic conversion to decalins,
mostly the trans-decalin isomer, but also a considerable content of
the cis- isomer.  Figure 1 also compares the chemical structure of
the petroleum-derived jet fuel, JP-8P to that of the three coal-
derived streams.  As expected, the JP-8P is dominated by a high
content of long-chain paraffins.  Also, JP-8P does not contain any
hydro-aromatic structures such as tetralin, and all the aromatic
compounds are alkylated benzenes or alkylated naphthalenes.
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Figure 1 .   The overall chemical makeup of the coal-derived
refined chemical oil (RCO), its hydro-treated (HDT-RCO) and fully
dearomatized (SAT-RCO) fractions, compared to that of the
standard petroleum derived jet fuel, JP-8P.

Thermal stability of the jet fuels.  Figure 2
shows the changes in the chemical composition as detected by
GC/MS of the saturated RCO stream when purged with oxygen and
heated to 771°C in the flow reactor.  The coal-derived fuel, SAT
RCO, can be heated to these temperatures with very little thermal
decomposition of the structure.

Figure 2.  The change in chemical composition as detected by
GC/MS of the saturated RCO stream when purged with oxygen and
heated to 771°C in flow reactor.

In comparison, when the petroleum-derived jet fuel JP-8P is purged
with oxygen and heated to 771°C in the flow reactor severe
thermal cracking is observed resulting in a nearly complete
transformation of long-chain paraffins into aromatic compounds.

Solid deposition in fuel line.  Figure 3 compares
the changes in coke deposits along the fuel line of the flow-reactor
related to the bulk-fuel temperature.  Very little solid deposition i s
observed in the tube in the temperature range 25 to 450°C.  This
was unexpected, since the fuels may form gums, especially JP-8P,
due to the presence of oxygen in the fuel.  The gums are formed in
the autoxidative regime from 150 to 350°C.  However, due to the
high flow rate in the system (LHSP of 450) the gums may not
precipitate before 500°C.  This can explain the growth in solid
deposit peak for JP-8P at 700°C and the subsequent decrease at
750°C before pyrolytic solid deposition increases rapidly at
higher temperatures.  The coal-derived SAT-RCO jet fuel may have
formed some gums at 550°C but does not form pyrolytic solid
deposit before 800°C.  
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Figure 3.   Changes in coke deposits along the fuel line of the
flow-reactor related to the bulk-fuel temperature.

C o n c l u s i o n s
A jet fuel derived from a refined chemical oil, obtained from

coal pyrolysis, was found to be thermally stable up to 771°C in a
flow-reactor.  Compared to the petroleum-derived jet fuel, JP-8P,
that showed extensive thermal cracking at these temperatures, the
coal-derived jet fuel was superior in suppressing the formation of
solid deposit in the fuel line.
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Introduction
The practice and rationale behind the simultaneous co-

carbonization of coal and decant oil, or co-coking, has been
described at length elsewhere (1-5).  However, the main goals of
the research into co-coking at Penn State are to develop a coal-
based liquid that may be upgraded into a thermally stable jet fuel,
and to produce a value-added carbon product of unique
properties.  To this end, recent efforts have been undertaken to
scale up the co-coking process from static small laboratory-scale
tubing bomb experiments to a semi-continuous small pilot-scale
delayed coker unit.

The delayed coker unit was designed and built in-house by
researchers and staff at The Energy Institute after a similar unit
operated by PARC Technical Services, Harmaville, PA.  The unit
has a coke drum with internal dimensions of 7.5cm ID by 102.5 cm
high, giving a volume of around 4.5 liters.  The unit is capable of
operating under typical delayed coking process conditions.  The
system pressure, temperature and flow rates are monitored by a
number of computer-controlled devices, and data from these
devices is recorded throughout the run.

The data presented in this preprint concentrates on varying
the processing parameters, and studying what affect this has on
the yield and composition of the products.

Experimental
This study used Powellton coal, that had been deep cleaned

to remove the majority of mineral matter, and low sulfur decant oil.
Proximate and ultimate analyses for these feedstocks are shown in
Table 1.

Table 1.  Proximate and Ultimate Analysis of the Feeds
Used in this Study.

Coal Decant Oil

Proximate analysis a

Ash (%) 1.9 0.0

Volatile matter (%) 29.4 -

Fixed carbon (%) 68.7 -

Ultimate analysis a

Carbon (%) 86.3 89.7

Hydrogen (%) 5.2 9.3

Nitrogen (%) 1.5 0.2

Sulfur (%) 0.9 0.8

Oxygen (by diff.) (%) 6.1 -
     a.  Values reported on a dry basis

Table 2 shows experimental conditions for each of the tests
performed in this study.  At least two runs were performed under
each of the test conditions.  During each run liquid samples were
taken at selected intervals.  Simulated distillation (SimDis) GC

was performed on these samples to study what effect the
conditions had over the time of the run on the boiling range.  The
instrument used was a HP 5890 GC-FID fitted with a MXT-500
Sim Dist column supplied by Restek Corp.  After the conclusion
of the run a coring bit was used to take a representative sample of
the coke bed along its entire height.  Proximate and ultimate
analysis was performed on the coke samples.  In addition,
petrographic analysis was conducted on the coke formed in the
runs, following a method described previously (5).

Table 2.  Matrix of Tests Performed in this Study.

Coal
(Wt%)

 Decant
Oil (Wt%)

Coke drum
pressure (psig)

Water
feed rate*

Sample
set

10 90 25 2% A
10 90 50 2% B
20 80 25 2% C
10 90 25 1% D

* The water feed rate is a percentage of the feedstock feed rate.  For
the purposes of this study the feedstock feed rate was set to 1
kg/hr.  The water is used for steam injection.

Results and Discussion  
Table 3 shows data on the product yields derived for the co-

coking under varying process conditions.

Table 3.  Average Product Yields for Co-coking Runs with
Varying Operating Conditions.

Sample set Coke yield (wt%) Liquid yield
(wt%)

A 18.5 61.6
B 25.7 66.9
C 24.0 65.2
D 20.2 65.4

Taking sample set A as the base line set of runs observations
can be made, with respect to the product yields.  With an increase
in coke drum pressure, there was an increase in coke yield.  This i s
wholly consistent with results previously reported in the
literature (2,6).  The corresponding increase in liquid yield is an
indication that there was an enhancement of cracking reactions of
the higher molecular weight species.  This is also exemplified in
the data shown on Table 4. With an increase in coal in the
feedstock, there was an increase in coke yield.  This result is as
expected.  The ability to accurately determine how much of the
coke is coal-derived has not yet been determined.  The goal is to
derive this value through yield calculations, with back up,
concurring results from optical microscopy and other instrumental
methods.  With the increase in coal to the feedstock, there was an
increase in the liquid yield.  This result would indicate that the
volatiles, from coal, evolved during the coking process were
resistant to thermal cracking, and so did not decompose to
gaseous compounds.  A 50% decrease in water feed rate, and thus
steam to the coker, resulted in an increase in coke and an increase
in liquid yield.  The coke increased because the lower steam rate
resulted in less medium volatile compounds being swept from the
coke drum.  And so these medium volatiles subsequently coked.
As there was an increase in liquid yield too, then the coking of
the medium volatiles must have partially decomposed to
intermediate lower boiling liquids, and to a lesser extent produce
gaseous products.
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Table 4 shows the results of SimDis GC analyses of liquid
samples taken in successive periods during the different co-
coking experiments.  

Table 4.  Yield of Liquids in Specific Boiling Ranges
Sampled at Different Times During the Co-Coking Runs.

Liquid Sample

1 2 3
Sample Boiling Range (oC) Boiling Range (oC)Boiling Range (oC)

Set -360360-500500+ -360360-500500+-360 360-500500+
A 22.1 65.8 8.6 29.5 61.1 5.8 31.9 59.3 5.5
B 36.9 51.6 3.9 38.9 49.0 4.3 40.3 50.8 4.7
C 31.7 58.7 4.9 30.2 58.3 6.2 28.9 61.7 7.4
D 27.3 63.1 6.6 28.4 61.6 5.2 32.4 58.9 5.7

For the decant oil feed –360 oC, 360-500 oC, and +500 oC cuts
were 14.3%, 65.9% and 18.8%, respectively.

The most important observation that can be made from this
data is that as the length of the run progresses the conversion of
liquids to lighter boiling material is increased.  The main reason
for this phenomenon is that the coke bed facilitates the cracking of
the high molecular weight species to lower molecular weight
species, that boil at lower temperatures.  As a run progresses the
size of the bed increases, and therefore the time in which the
liquids may be in contact with the bed also increases.  Thus
increasing the propensity for cracking reactions.  The exception to
this was when the coal loading was increased to 20 wt%.
Although the overall liquid yield was increased, (see Table 3) the
conversion to lower boiling species decreased over time.  This
may be because the increase in coal-derived material to liquid
products may be resistant to decomposition through thermal
cracking.  As the majority of the coal-derived species may be of a
high molecular weight this would explain the small increase in
compounds boiling above 360 0C as the run progressed.

Petrographic analyses of coke textures derived from coal/
decant oil blends in the laboratory-scale delayed coker, suggested
that coal materials were being concentrated near the inlet of the
coker and decreased in concentration with increasing bed height
(see Table 5).  The presence of coal in increasing concentration
locally decreased the size of the isochromatic textures derived from
the decant oil.  The Powellton coal appeared to interact both
physically and chemically with decant oil during co-coking and
resulted in a significant improvement in the size of the coal-
derived isochromatic textures. Changes in other operating
conditions with respect to steam injection rate, drum pressure and
coal addition, appeared to have an influence.  Reduction of steam
rate from 2.8 to 0.3 mL/min had a profound influence on increasing
the size of isochromatic areas derived from the decant oil.  Coke
generated at the lowest steam injection rate (0.14 mL/min) and
with doubled drum pressure, resulted in a significant amount of
isotropic carbon derived from the decant oil.  However based on
earlier results, it is unclear whether operating conditions alone
can be blamed for these changes in coke properties.  Increasing the
amount of coal in the feed to 20 wt.% had a predictable effect on
coke properties, in that more enhanced coal-derived material was
observed near the bottom of the core and decreased in
concentration and enhancement with increasing distance from the
inlet.

Table 5. The Proportions of Textures Derived from
Coal and Decant Oil      Compared with the Normalized

Concentration of Decant Oil Textures (Vol. %).

*. Dom. = Domain

Conclusions.
Changing the experimental parameters can have a marked

effect on the quality and yield of the products produced in the co-
coking of coal and decant oil.  Increasing the quantity of coal in
the feed mix does not seem to have a detrimental effect.  However,
lowering the water feed rate results in a coke product of poor
quality if it was to be used as a value-added carbon.  Increasing
the drum pressure has a disproportionate effect:  The yield of
liquids increases with increasing pressure, along with the yield of
low boiling liquids.  Conversely, the high degree of isotropic
carbon reduces the quality of the coke.
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10% Powellton Coal; 20 wt% water feed rate
0 -21 11.6 88.4 0.0 37.3 60.6 1.6 0.5

26 - 44 11.3 88.7 0.3 27.6 67.7 2.4 2.0
Sample Set  A

0 - 14.5 25.9 74.1 0.0 38.5 50.5 8.6 2.4
102 - 127 12.6 87.4 0.3 10.1 61.9 22.1 5.6
280 - 305 5.6 94.4 0.0 5.6 72.1 19.2 3.1
356 - 381 4.2 95.8 0.0 14.2 52.0 14.6 19.2

Sample Set  B
0 - 34 5.4 94.6 28.9 21.0 42.2 7.1 0.8
45 - 70 4.1 95.9 12.9 17.7 55.8 8.8 4.8

115 - 140 5.4 94.6 17.3 17.3 59.8 3.7 1.9
Sample Set  C

0 - 20 17.7 82.3 0.1 67.2 27.5 3.9 1.3
70 - 95 3.5 96.5 0.3 19.0 65.4 9.3 6.0

356 - 381 0.1 99.9 0.0 7.9 80.3 7.1 4.7
Sample Set  D

0 - 26 14.4 85.6 3.9 45.2 47.9 2.2 0.8
52 - 72 7.2 92.8 85.1 12.7 2.0 0.2 0.0

127 - 150 5.8 94.2 4.8 20.9 57.6 13.6 3.1
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Introduction
Thermal cracking (pyrolysis, or so-called steam cracking) of

various hydrocarbons at high temperature (1073-1123 K) for the
production of lower C2-C4 olefins has been one of the core
processes in the petrochemical industry. Besides the large amount
of energy consumed in this pyrolysis process, another
disadvantage is the difficulty for this process to control the
olefins formed, especially the lower yield to ethylene. Therefore,
pyrolysis of hydrocarbons in the presence of catalysts1-6,
allowing preparation of lower olefins at lower temperature and
with higher selectivity, is a subject of some studies.

The search for catalysts that promote hydrocarbon cracking
started in the late 1960s. Till now, the catalysts found active to
different extent can be typically classified into three types, i.e.,
acidic catalysts (amorphous silica-alumina or zeolite crystalline),
basic catalysts (such as CaO-SrO-Al2O3, KVO3/corundum etc.) and
transition metal oxide catalysts (e.g., Cr2O3/Al2O3), which are used
under the non-aerobic or aerobic conditions3. Three catalytic
pyrolysis processes, namely Vniios process in Russia (using
KVO3/corundum catalyst), Asahi process in Japan and the deep
catalytic cracking (DCC) process in China (both using ZSM-5
zeolite modified with Al and Cr), have been developed6. However,
they are still far from replacing the conventional pyrolysis
technique, and it is therefore worthy exploring approaches to
finding highly efficient catalyst system for preparing C2-C4

olefins.
In this work, we studied the acid-base and catalytic properties

of a series of Mordenite zeolites for the pyrolysis of n-hexane, and
modified the least acidic Na+ type Mordenite by supporting basic
metal (such as alkali, alkaline earth) and reductive transition metal
oxides. The reaction mechanisms for different catalysts have been
discussed.

Experimental
Sample Preparation.  Sodium-type Mordinite zeolite

(NaM, the unit cell composition: Na6.23H0.02Al6.25Si41.75O96) was
purchased from HongGuang Molecular Sieve Co., Dalian, China.
Three NaHM zeolite samples with different H+ content were
produced by ammonium ion exchange of NaM zeolite at 353 K for
different times, each time for one hour, followed by calcinations at
773 K for 5 hours. Proper amount of alkali (Li, K, Cs), alkaline
earth (Mg, Ca, Sr), and transition metals (Cu, Mo, Mn, Ag, etc.)
oxides were introduced into NaM zeolite by impregantion of the
respective metal nitrate solutions at 353 K, followed by
calcinations at 973 K for several hours.

Characterization. The acidic and basic properties of
Mordenite zeolites with or without metal modification were
analyzed using NH3-TPD and CO2-TPD, respectively. Before the
TPD experiments, all samples had been treated at 773K in N2 for
several hours. The adsorption of NH3 or CO2 was saturated at room
temperature, followed by purging with N2 at 333 K for at least one
hour. TPD  was then carried out at a heating rate of 12 K/min. The
reduction of transition metal oxides was characterized by

conventional TPR. All temperature-programmed studies were
carried out using a TCD detector, and the TPD or TPR peak signals
were recorded and calculated quantitatively.

Cata lys i s . Catalytic pyrolysis of n-hexane was performed
in a continuous flow micro-reactor. N-hexane flew continuously
through the catalyst together with steam, with the
steam/hydrocarbon weight ratio to be 0.9 and the space velocity
(WHSV) to be 3.6 h-1. The reactor temperature was 808K for bare
zeolite catalysts and 890K for metal oxide modified NaM
catalysts. The reaction products after TOS of 1 h were analyzed by
on-line gas chromatography with a TCD detector and Porapak Q
column. Results were reported as conversions calculated as the
weight percent of n-hexane reacted, molecular selectivity and
yields, especially to ethylene.

Results and Discussion
The curves of ammonia thermal desorption for NaM and three

NaHM zeolites (figures not shown) exhibit mainly two peaks:
low-temperature peak with Tmax at 497 K, typically representative
of weak Lewis acid centers or cationic sites, and high-temperature
peak with Tmax at 813 K, corresponding to strong Brönsted acid
centers. It is found that, the higher temperature peak increases
with the proton content in the NaHM zeolites, while the same
peak can hardly be found in the case of NaM zeolite. Figure 1
shows the catalytic pyrolysis results over the zeolites as a
function of acidic amount, which was calculated from the amount
of the NH3-TPD peak at higher temperature. There is a clear trend
that, with the increase of zeolite acidity, the activity increases
while both the selectivity of ethylene and the ratio of (C1+C2)/C3

decrease. This is due to the well-known cracking reaction on acidic
catalysts, possibly via carbenium ion mechanism: the strong
Brönsted acidic sites of NaHM zeolites protonate n-hexane to form
carbenium ions, followed by β-scission to form smaller
molecules. According to this mechanism, C3 hydrocarbon and
alkane would be the predominant cracking products rather than
ethylene. Meanwhile, secondary undesirable reaction such as
aromatization might occur between the olefin products and the
carbenium ion intermediates, and coke formation becomes severe
with the increase of strong acidity.

Figure 1. Catalytic pyrolysis (808 K) results of n-hexane over
Mordenite zeolites with different acidic amount.
� : Conversion of n-hexane; � : Yield of ethylene
✧ : (C1+C2)/C3 Ratio.
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In order to increase the ethylene selectivity, non-acidic NaM
zeolite was selected, and basic metal oxide such as alkali (Li, K,
Cs) and alkaline earth (Mg, Ca, Sr) were incorporated.

Figure 2  shows results of catalytic pyrolysis over metal
supported NaM zeolite catalyst as a function of base amount,
which was calculated from the peak amount of the CO2-TPD
(pictures not shown). It is interesting to find that with the
increasing basic sites introduced, both the activity and the yield to
ethylene increase. This is because the catalytic cracking over non-
acidic or basic catalysts with steam conditions follows a free
radical mechanism, where the selectivity to alkene, especially
ethylene, increases when compared with the carbenium ion
mechanism on acidic catalysts.

Figure 2. Catalytic pyrolysis (890 K) results of n-hexane over
alkali and alkaline earth metal oxide supported Mordenite zeolites
with different basic amount.
� : Conversion of n-hexane; � : Yield of ethylene.

TPR profiles of different transition metal oxide supported on
NaM zeolites (pictures not shown) differ from one another because
of the difference in both the electronic state and the reducibility of
each metal oxide. For example, the reduction of CuO/NaM starts at
about 500 K, while MoO3/NaM can only be reduced at temperature
higher than 870 K. It’s therefore our intention to compare the
catalytic cracking results of these catalysts as a function of their
reducibility.

Figure 3  shows the results of the catalytic pyrolysis over
transition metal (Ag, Cu, Mn, Mo) oxides supported NaM zeolite
as a function of the starting temperature of respective TPR peaks.
It can be found that, the metal oxides that are easier to be reduced
(except MnO) show approximately higher catalytic acitivity and
yields to alkenes including ethylene. It has been reported that,
catalytic cracking over non-reducible transition metal oxide
catalysts such as Cr2O3/Al2O3 under aerobic conditions, i.e.,
oxidative catalytic cracking, follows a free radical mechanism,
where activated oxygen species abstract hydrogen from
hydrocarbons to form radicals3. Accordingly, high yields of
ethylene would be expected3. The present work does not involve
O2 during the catalytic pyrolysis. However, lattice oxygen in
reducible transition metal oxide supported catalysts may exhibit
the similar free-radical oxidative catalytic cracking of n-hexane.
The easier the metal oxide to be reduced, the higher extent of this
oxidative effect might have.

We also found that, if the transition metal oxide was reduced to
metal, the catalytic activity decreased greatly. For example, the

conversion of n-hexane over PbO2/NaM and VO3/NaM catalysts
are 57.2% and 37.0%, respectively. But for Pb/NaM and V/NaM,
they are only 10.8% and 3.6%, respectively. This shows again the
importance for the existence of oxidative cracking.

Table 1  shows the catalytic pyrolysis over the same
transition metal oxide supported catalysts with or without steam.
It can be seen that, in the presence of steam, the catalytic activity
and ethylene selectivity decrease greatly. This indicates that steam
plays an important role in keeping the transition metal oxides at
higher oxidation state and therefore exhibiting the oxidative
catalytic pyrolysis for n-hexane.

Figure 3. Catalytic pyrolysis (890 K) results of n-hexane over
alkali and alkaline earth metal oxide supported Mordenite zeolites
with different basic amount.
� : Conversion of n-hexane; � : Yield of ethylene.
✧ : Total yields of alkenes.

Table 1.  Results of catalytic pyrolysis of n-hexane
over MxO supported NaM in N2 or H2O

(890 K, WHSV 3.6 h-1, H2O/henxae ratio 0.9, TOS 1h)
Conversion (%) XC2H4 (%)* Yalkene (%)*Cat.

a b a b a b
Ag2O/
NaM 28.0 53.0 34.3 33.6 19.8 40.6

CuO/
NaM 28.6 48.5 20.2 36.0 19.4 38.2

MnO/
NaM 26.3 51.4 31.0 35.5 19.4 43.7

MoO/
NaM 11.8 37.5 38.8 41.0 8.5 30.4

*XC2H4: Selectivity to ethylene; Yalkene: Yield of alkenes.
a:  Reaction in N2;   b: Reaction in H2O
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Introduction
Processing high-density petroleum feeds, that are

nowadays very important in the scenario of fossil fuel supplies,
brings naturally the challenge of dealing with abundances of
heavy ends and coke precursors. On the other hand, the
optimization of refining facilities to deal with such feeds brings
economical competitiveness, since these oils have low prices in
the international market.

Studies on pyrolysis mechanisms are quite important
under this aspect. Coking units, for example, which have
traditionally been the second places among refining units, after
FCC, may have their operation optimized with deeper knowledge
on the pyrolysis mechanisms. Even the operation of FCC units,
specially the ones processing distillation residua as part of their
feed or its integrality, may take advantage of pyrolysis studies,
since in these cases a meaningful portion of the coke formed in the
reversible deactivation of the catalysts may come from thermal
degradation of the feeds. In summary, as previouly stated by
Speight (1), the key for optimization in the conversion of heavy
residua lies on the understanding of coking phenomena, though
the understanding of the main coke percursors, which are
asphaltenes. In a previous study of thermal decomposition of
asphaltenes, that author (2) had worked on the thermal
decomposition of asphaltenes from 300 to 900ºC, and observed
the occurrence of low molecular weight species in the volatile
products. The most complex aromatic systems remain as coke, the
non-volatile residue (45 % in weight).

Many efforts on the understanding of pyrolysis
mechanisms can be found described in literature, and a main
techinque for that is thermogravimetry, mainly if coupled to GC-
MS; however, most of them are dedicated to the study of the
volatile products formed (3-9). Of course those fractions are the
most important ones from the economical point of view, since
these are the ones that can be converted to valuable fuel products;
nevertheless, the fact that completely established analytical
approaches for the characterization of the coke formed do not exist
is a major limitation to the study of this fraction, which is quite
important to bring a full comprehensive analysis of pyrolysis
phenomena.

This paper brings a novel approach for that aim.
Ruthenium ion catalyzed oxidation (RICO) is employed to allow a
better characterization of the coking process. That reagent allows
selective oxidation of aromatic structures. CO2 is the product of
these oxidations in aromatic carbons. Alkyl side branches yield
carboxylic acids, while naphtheno-aromatics and chains
connecting two aromatic nuclei yield dicarboxylic acids.
Condensed aromatics yield mainly dicarboxylic aromatic acids (e.
g., the main product of the oxidation of naphthalene is phthalic
acid).

Since coke is basically constituted by aromatic nuclei
with aliphatic branches, the relative yields and the distribution of
products can be expected to be an indication of coke structure.
This was confirmed in the present work. The application proposed
was employed for the monitoration of the different structures of

coke generated by the pyrolysis of asphaltenes at several
decomposition temperatures.

So, conditions were proposed to execute the RICO reaction
with coke. The strategy considered here is to employ this
characterization scheme as a complimentary source of information
to the study of volatile product formation, which can be monitored
by some of the techniques mentioned above.

Experimental Procedures and Results
For a perfect control of the conditions of pyrolysis of

asphaltenes, a TG oven was employed. The collection of volatile
material was achieved by passing the effluent gas stream into
dichloromethane. Previous experiences employing TG-GC-MS
showed that interface optimization can be necessary for that. The
scope of this work did not aim the characterization of these
products; that has been discussed elsewhere (10).

Asphaltenes from a Brazilian oil obtained by IP-143 were the
material chosen to undergo pyrolysis . Table 1 shows the
elemental analysis and aromaticity (ratio of the area of the
envelope in the range of 160-100 ppm and total area of solid state
13C NMR spectra) of those asphaltenes and cokes obtained after
their pyrolysis at several temperatures.

Table 1. Characterization of Asphaltenes Submitted to
Pyrolysis and Cokes Obtained at Several Temperatures

Temperature
(°C)

Coke
(weight %)

%C %H % aromatic
carbon

Atomic ratio
(C/H)

-* -* 85.8 8.4 55.5 0.85

320 94 85.9 7.8 60.9 0.92

380 90 86.2 7.6 66.8 0.95

400 87 86.3 7.2 67.8 1.00

440 65 85.7 6.2 75.5 1.15

480 53 88.7 4.1 82.3 1.80

550 51 87.0 3.3 97.8 2.20

580 50 86.4 2.7 99.0 2.67
*original asphaltenes

The RICO reaction was performed using an adaptation from
literature (11,12). The procedure consists of stirring, 150 mg of
asphaltenes or pyrolysis residues obtained at each temperature, at
40ºC for 24 hours with CCl4 (20 mL), NaIO4 (3.4 mg), H2O (30
mL), acetonitrile (20 mL) and  RuCl3.H2O (7 mg).

The resulting two layers are separated and the organic phase,
after being concentrated, was mixed with excess of ethereal
diazomethane.

The ethereal solution was analyzed submitted by a gas
chromatography/mass spectometry (GC/MS) for methyl ester
analysis. Samples were injected with the previous addition of an
internal standard in splitless mode using a 5%-phenyl 95%-
methyl siloxane capillary column (30 m x 0.25 cm x 0.25 µm) and
helium as carrier gas. Mass spectrometer was operated in electron
impact ionization mode (70 eV) and scanned from 15 to 450 m/z.

As long as similar conditions were employed in all of the
oxidation procedures, a comparison by the absorbance at the same
wavenumber of the esters obtained after oxidation and reaction
with diazomethane could be considered an indication of the
relative yields. This was possible by doing equal dilutions of
isolated materials after each reaction and recording the infrared
spectra of the solutions.

Table 2 shows a comparison the ratios of the total responses of
the esters of the cokes obtained at different temperatures to the
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total responses of the esters obtained form the asphaltenes by
GC/MS (total ion area with corrections were made using the areas
of the internal standard) and infrared spectrophotometry
(absorbances). These data cannot be taken as quantitative or
strictly comparable ones, since it is well known that MS
responses and infrared absortivities vary with the distribuiton of
components in each sample, and the analyses refer to the reaction
products, which are mixtures of different components depending
on pyrolysis temperature. However, it can be seen that there are
basically 3 groups into which the pyrolysis temperatures can be
divided: before 380ºC there is no meaningful variation, while after
440ºC there are no more appreciable amounts of non
polycondensed aromatic material. In fact, kinetic studies (10)
show that the temperature in which pyrolysis has its maximum
speed is 425°C.

Table 2. Indications Of Relative Yields Of Esters From The
Oxidation Of Cokes (Ratio To The Responses From

Asphaltene Oxidation) By 2 Techniques
Temperature

(°C)
Infrared MS

320 0,95 0,94

380 0,47 0,76

400 0,45 0,69

440 0,13 0,04

480 0,11 0,04

550 n.r.* 0,01

580 n.r. * n.r. *

*negligible responses

Figure 1 summarizes the main classes of esters found by MS
and shows the relative abundance of each of these classes, in terms
of the ratios of their collective area in total ion chromatograms to
the area of the internal standard (raid). It can be seen that linear
chain esters are the most important ones in asphaltenes and in low
temperature coke, indicating the abundance of linear aliphatic side
chains in these samples.
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Figure 1. Yields of esters after RICO of cokes obtained by
asphaltene pyrolysis at several temperatures

Figure 2 shows that, as a general tendency, the higher
the number of carbons, the lower the temperature the side chains
undergoes pyrolysis.
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Figure 2. Distribution of monoesters after RICO of cokes obtained
by asphaltene pyrolysis at several temperatures

Conclusions
RICO followed by esterification of the oxidation

products is a useful tool to the study of pyrolysis material (coke).
It allowed some important inferences, about the fact that the profile
of remaining components after heating asphaltenes dramatically
changes in temperatures above 440°C, about the distribution of
aliphatic chain lengths in cokes obtained at different temperatures,
and about the tendency of ease of the alkyl groups bonded to
aromatic nuclei to undergo pyrolysis according to the number of
carbons in the chain. Future studies by the authors aim the
integration of the data into a reasonable pyrolysis pathway.
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Introduction
The pyrolysis of coal tar pitches is associated with the

emission of hazardous and carcinogenic polyaromatic
hydrocarbons (PAHs) resulting in strong environmental and
commercial challenges from the carbon industry (1).  In order to
prevent the shortcomings of the weight loss of coal tar pitches
during pyrolysis, while optimizing their properties, a series of
additives are routinely used to achieve high carbon yields upon
baking or pyrolysis (2, 3).  These additives typically include
sulfur compounds that promote the polymerization of coal tar
pitches and therefore increase the carbon yields.  Although these
sulfur additives effectively increase the carbon yields, they also
evolve detrimental sulfur species upon baking.  Accordingly, this
work compares the pyrolysis yields of conventional sulfur
additives as well as a series of alternative additives on basis of the
pitch yield.  

Experimental
The coal tar pitch and calcined coke samples used for this

study were supplied by Carbone of America.  The
thermogravimetical analysis (TGA) were carried out on a Perkin
Elmer TGA-7 with a heating rate of 5°C/min from ambient up to
900°C, using about 10 mg of sample under a flow of N2.  The
production of green carbon bodies was conducted following a
protocol previously established by the investigators (4).  The
paste mix was heated to ~130°C and pressed into pellets to produce
carbon bodies with dimensions of ~ 27mm in diameter and 15mm
in height.  The absolute densities of the pellets were measured by
using a Quantachrome MVP-1 Multi Pycnometer and employing
helium as density medium.  The green bodies were baked in a
closed system by placing them inside crucibles and covering them
with calcined petroleum coke.  The crucibles were then placed
inside a muffle furnace and the baking program used was as
follows: (1) 25-500°C at 10°C/hour; (2) 500-1075°C at 25°C/hour;
and (3) held at 1075°C for 16 hours, providing an overall length of
around 5 days for a completed baking and cooling cycle.  Closed
environments and slower baking programs have been previously
reported to result in significant higher pitch yields and apparent
and helium densities than those reported for open systems (5).

Results and Discussion
Comparison of pyrolysis pitch y ie ld .   The thermal

gravimetric profiles of the pitch alone and its mixtures with
additives A1 and A2 are shown in Figure 1.  The investigated pitch
started losing weight at temperatures above 150°C and lost around
62 wt% during its carbonization at temperatures up to 850°C.
When the pitch was mixed with different concentrations of the
additive A1, the weight loss at 850°C was reduced, indicating an
improvement in the solid yield, compared to that of the pitch
alone.  Furthermore, the pitch yield increased with the amount of
additive at concentrations up to 10 wt% addition of A1 (3).  The
initial weight loss observed for the pitch/additive mixture was
attributed to weight loss directly associated with the additive A1,

as also indicated by the fact that the mixture with the highest
additive content started losing weight at lower temperatures.  
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Figure 1.  Comparison of the pyrolysis TGA traces for the coal
tar pitch alone and mixed with additives A1 and A2.

A second additive A2 was also investigated and showed that
when the pitch was mixed with only 1 wt% of A2, the weight loss
at 850°C was reduced, indicating an improvement in the solid
yield, compared to that of the pitch alone.  Therefore, lower
concentrations of additive A2 produced similar pitch yields to
those observed at higher concentrations of additive A1.  When the
pitch is mixed with hybrid additives (10 wt% of A1 and 1 wt% of
A2) the weight remaining at temperatures above 400°C is higher
than when using only A1 or A2 (Figure 1).  As previously
observed for single additives, the pitch/additive A1+A2 mixture
started to lose weight at temperatures lower than the pitch alone
(120°C vs. 150°C) and presented larger weight loss than the pitch
alone in the temperature range 120°C-300°C, due to weight loss
directly associated with the additives (3).  The pitch yields
observed for the hybrid mixture were higher than those reported
for the single additives, indicating that a possible synergistic
effect takes place when adding both additives.

Sulfur additives, namely S1 and S2, were also tested to
compare their performance with the alternative polymerization
additives A1 and A2.  When adding 1 wt% of S1, the pitch weight
loss decreased from 62 wt% to around 58 wt% at 850°C.  Similar
pyrolysis pitch yield was reported when adding 1 wt% of A2,
indicating that the additive A2 has similar performance in terms of
pitch yield to S1.  However, the mixture of pitch with sulfur
additive S1 presents very similar weight loss profile to that of the
pitch alone at temperatures <200°C, while the additives A1 and A2
presented higher weight loss in that temperature range. The
pyrolysis pitch yields at 850°C of all the additives mixtures are
compared in Figure 2.  The alternative additives A1 and A2, have at
least equal or superior performance in terms of pitch yields than
conventional sulfur additives S1 and S2.  Furthermore, the mixture
of pitch with 10 wt% additive A1 presented higher pitch yield than
the other mixtures, including those of the sulfur additives S1 and
S2.  The pitch yields observed for the hybrid mixture were higher
than those reported for the sulfur additives.  Finally, the pitch
yields obtained from the thermogravimetric studies are generally
low, due to the open system used as well as the high heating rates
(5).
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Comparison of pyrolysis pitch baking yields f o r
alternative additives and sulfur addit ives .  Carbon
bodies were prepared using the alternative additives A1 and A2 as
well as the sulfur additives S1 and S2 to compare their pitch yields.
The green carbon bodies prepared with S1 and S2 contained seven
different particle size coke fractions, while the green carbon
bodies prepared with the A1 and A2 additives only contained two
coke fractions.  Table 1 shows that the apparent and helium
densities of all the green carbon bodies prepared with the different
additives were very similar, indicating that the additives did not
have any impact in the density of the carbon body produced.  

Table 1.  Apparent and helium densities for the green carbon bodies.

I. D. Apparent Density g/cc Helium Density g/cc

CB 1.574 1.783

CB-A1* 1.762 1.829

CB-A2* 1.764 1.843

CB-S1 1.683 1.791

CB-S2 1.710 1.752

* Formulation comprises two coke fractions, while the other
formulations comprise seven coke fractions.

Table 2 shows the pyrolysis pitch yields and the helium
densities of the baked carbon bodies prepared with the additives
A1, A2, S1 and S2.  The baking temperature was 1075°C, as
previously described.  The helium densities of all the baked bodies
are in the range 2.031-2.097g/cc (Table 2).  

Table 2.  Pyrolysis pitch baking yields and helium densities for the baked
carbon bodies.

I. D.
Baking

Temperature

°C

Pitch
Yield

%

Helium
Density

g/cc

CB-1075 1075 69.5 2.077

CB-A1-1075* 1075 73.4 2.097

CB-A2-1075* 1075 75.8 2.093

CB-S1-1075 1075 72.7 2.057

CB-S2-1075 1075 72.5 2.031
* Formulation comprises two coke fractions, while the other formulations
comprise seven coke fractions.

Figure 3 shows the pyrolysis pitch baking yields of the
carbon bodies.  When using the A1 and A2 additives, the pyrolysis
yields are slightly higher than the yields of the bodies prepared

using the S1 and S2 sulfur additives.  One caveat in this
comparison is the different formulations used, where the carbon
bodies prepared with the S1 and S2 sulfur additives contained
seven different coke fractions, while the green carbon bodies
prepared with the A1 and A2 additives only contained two coke
fractions.  Accordingly, further studies will be conducted to assess
the effect of the coke formulation and also to investigate higher
concentrations of S1 and S2 additives.
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Figure 3.  Pyrolysis pitch baking yields for the carbon bodies.

C o n c l u s i o n s
There is a clear need to reduce the emissions of PAHs from

coal tar pitches by improving the pyrolysis yield.  This study has
shown that all the polymerization additives tested thus far increase
the pitch yields, with the highest pitch yields corresponding to
the hybrid additives A1+A2.  The polymerization additives tested,
A1 and A2, present higher yields than the S1 and S2 sulfur
additives tested.  The helium and apparent densities of the green
and baked carbon bodies are very similar, regardless of the type of
additive used.
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Introduction 
It is recognized that lithium secondary batteries using lithium 

metal exhibit problems, which make it difficult for their wide usage in 
consumer market. The problem is the unsafe characteristic, such as 
combustion and explosion due to dendrites formed at the surface of 
lithium metal during charge-discharge cycles. To solve this problem, a 
“rocking-chair” battery, which uses another intercalation compound as 
the anode for the lithium secondary battery, has been proposed. 
Among the alternative materials, which could replace lithium metal as 
the anode, the carbon materials are very desirable from the viewpoints 
of being abundant. Carbon materials have received much attention as 
anode material for lithium ion batteries since 1990. Various carbon 
materials have been investigated and shown good performances as the 
host for lithium [1-7]. They have high reversible capacity, high cyclic 
efficiency(ca,100%) , low electrochemical potential (•1V vs .Li/Li+ ) 
and long cycling life.  

The theoretical lithium storage capacity of a graphite anode for a 
lithium secondary battery has been considered to be 372mAh/g, 
corresponding to the first stage Li-GIC (Lithium-graphite intercalation 
compound, LiC6). To further increase the energy density of lithium 
secondary batteries requires increasing the specific capacities of the 
electrode materials. Mesophase microbead (MCMB) prepared from 
petroleum pitch or coal tar is one of the candidate carbon materials 
available commercially. since it has high specific capacity(•500 mAh/g) 
and a spherical structure[4] which can be easy for closely packing, 
resulting in high density of electrode. Its low surface area can also 
minimize the side reactions during charge-discharge process. The 
present work studied the charge-discharge properties of MCMBs with 
different mean diameter and size distribution. 

 
2 Methods 

2.1 Preparation of MCMB. MCMB was prepared by heat-
treating coal tar pitch with 3.7%wt pyridine insoluble fraction (PI) at 
723K for 1~4h under autogenous pressure. Mesophase pitch was 
filtrated at 423K. The residue was then extracted by pyridine to get 
MCMB, which was further carbonized at 973K for 1h under N2. 

2.2 Analyses of SEM. The surface morphology of the isolated 
spherule after heat-treatment at 973K was observed under scanning 
electron microscope (Hitach H-600).  

2.3 Electrochemical measurement. Working electrodes were 
fabricated by mixing MCMB with 10% wt of binder poly- 
[tetrafluroethylene](PTFE) and were dried at 433K under vacuum for 
12 h in a dry box.   

Electrochemical measurements were performed by using three-
electrode cells. Carbon electrode was used as work electrode. Lithium 
metal was used as a counter electrode and a reference electrode. The 
electrolyte was 1MLiPF6-EC/DEC (volume1: 1) solution. All the 
operations on the cells assembled were carried out in the glove box 
filled with argon gas.  Galvanostatic cycle was carried out at a 
constant current density of 15mA/g, and the cut off range is from 
0.001 to 2V vs Li/Li+.   

 

3 Results and discussion 
3.1Features of isolated spherules (MCMB). SEM photographs 

of MCMBs prepared under different conditions are shown in Fig1 (a)-
(d), and the diameter distributions of MCMBs are shown in Fig 2. 
Fig1 shows that the diameter of MCMBs increased significantly with 
increasing reaction time. Fig2 shows that the diameter distribution of 
samples a, b and d are almost normal frequency distribution, while 
sample c has a few small MCMBs and large number of relatively big 
MCMBs.  

Fig. 1 SEM photographs of MCMBs prepared under 
At 723K for different time, a 1h, b 2h, c 3h, d 4h.  
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Fig 2. The diameter distribution of the MCMBs 
derived from coal tar pitch at 723K for different 
time, a 1h, b 2h, c 3h, d 4h.  
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3.2 Electrochemical properties of MCMBs .   Fig 3 showed 
the first cycle charge-discharge profiles of MCMBs. The plateau 
observed at 0.8V vs Li/Li+ during charge was attributed to the 
formation of solid electrolyte interface film (SEI) by the 
decomposition of electrolyte. Fig3 showed that the discharge profiles 
of MCMBs had a large hysteresis and a potential plateaus appearing at 
approximately 1V vs Li/Li+, while the charge profiles had no potential 
plateaus appearing at approximately 1V vs Li/Li+. Accordingly, the 
plateau is not due to a side reaction such as electrolyte decomposition 
but the cavities, which came into being when MCMBs were heat-
treated at 973K. Lithium ions stored in the cavities were de-inserted at 
about 1V Li/Li+[4]. 
 

 
 
 
 
 
 
 
 
 
 
 
 
 
 

Table 1 summarized some properties of MCMB anode., The first 
reversible capacity increased from 246 to 541 mAh/g with increasing 
of the mean diameter. And the first coulombic efficiencies were 
respectively 66.4%, 66.0%, 75.7%, and 68.3%. Since small MCMB 
has large specific surface area, resulting in more SEI, the first 
coulombic efficiencies increased with increasing of the mean diameter 
of MCMB. However, for the large MCMB, the numbers of rupture 
and defects will increase. When lithium ion diffuses into the large 
particle, it is probable to come across more ruptures and defects, 
making the diffusion dynamics process difficult. This gave rise to more 
irreversible capacity. Moreover, the interface of MCMBs decreases 
with increasing of particle size, which may reduce the electrical 
conductivity of MCMB. Consequently MCMB’s cyclical property 
draws down. For example, the second discharge capacities of sample a, 
b, c and d, are respectively 8, 14, 22, 80 mAh/g less than the first 
cycle. If proper proportion of small MCMBs is added to big MCMBs, 
the electrical conductivity will be improved. This can be noted in 
Figure 3 and Table 1.The size distribution of sample c makes charge-
discharge property fine. The first/second discharge capacity was 
424/402 mAh/g and the first coulombic efficiency was 71.7%.  

 
Table 1. Some properties of MCMBs prepared from coal tar at 

723K 

Code 
Heattreatment 

time (h) 

Mean 

diameter 

( µm) 

First 

/second 

Cr(mAh/g) 

First Cirr 

(mAh/g) 

First coulomic 

efficiency(%) 

a 1 3.2 246/238 124 66.4 

b 2 6.5 425/411 219 66.0 

c 3 8.9 424/402 167 71.7 

d 4 13.8 541/461 243 68.3 
Cr- reversible capacity  Cirr-irreversible capacity 

 
4 Conclusions 

MCMB is one of the promising carbon materials as anode for 
lithium secondary battery among commercially available carbon 

materials. The MCMBs heat-treated at 973K had higher reversible 
capacity than the theoretical lithium storage capacity of a graphite 
anode. This suggests that there be a cavity mechanism for the charge-
discharge reaction. The mean diameter and size distribution of 
MCMBs have influence on the charge-discharge properties of 
MCMBs.  
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 Fig 3. The first charge-discharge curves of MCMB heat-
treated at 973K 
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Introduction 

    Since Emmet found carbon molecular sieves (CMS) in 1948, 

various starting materials, such as coal, polymer, nuts shell and so on, 

have been used to synthesize CMS. Generally, the preparation 

process consists of two steps as followed: 

(1) Prepare carbon precursor with initial pore system by 

carbonization or activation. 

(2) Modify the pore texture of precursor by carbon deposition of 

organic substance to satisfy different separation[ 1]. 

   Petroleum cokes, especially ordinary cokes, are the main waste 

residue of refinery and have not been made full use of so far. 

Petroleum cokes contain high carbon content and low ash content, 

which are expected to be the potential carbon resources. Developing 

the application field of petroleum cokes is favorable to both of 

environment and economy.  

    By now, there are many reports concerning the preparation of 

high surface activated carbon from petroleum cokes. What we now 

are interested in is how to control the pore texture of the porous 

carbon for different purpose. In this paper, petroleum cokes were 

used as starting material to prepare microporous carbon with sieving 

ability and the product has been tentatively applied in air separation. 

 

Experimental 

     Preparation of carbon precursor. The petroleum cokes were 

crashed to particle of 20~40 mesh and then impregnated in 

concentrated KOH aqueous solution in which the weight ratio of 

KOH to cokes was 1.5. The mixture was dried at 373 K in drying 

oven for several hours to form slurry and then moved into the reactor 

to activate thermally. In nitrogen atmosphere, the sample was heated 

at the rate of 10 K/min to a final temperature (1053~1123 K) and held 

isothermally for a period of time (60~120 min). Finally, the sample 

was cooled in nitrogen, washed to pH~7 and dried. 

Modification of pore texture.  The precursor was placed into 

tubular flowing reactor and was heated to 1053 K in nitrogen 

atmosphere and held isothermally for 60 min to get rid of surface 

functional groups from precursor. Afterward, the reactor was cooled 

to a certain pyrolysis temperature and then the hydrocarbon stream 

was introduced. The precursor was exposed to the hydrocarbon for a 

specified period. Following this treatment, the sample was degassed 

in nitrogen at the same temperature for 60 min and then cooled to 

ambient condition.[2] 

Characterization of pore texture. The adsorption of nitrogen at 

77 K was performed on Micromeritics ASAP2010 instrument to 

characterize the pore texture. Data of micropore and transitional pore 

were calculated by H-K and BJH method respectively. 

Evaluation of sieving ability. Air separation was performed on 

small-scale single volume PSA apparatus to evaluate the sieving 

ability of the product. The size of the adsorption volume is 3.5×300 

mm and the weight of adsorbent was about 1 g. The operating 

procedures were as followed: 

(1) Vacuumize for 3min. 

(2) Introduce air and perform adsorption at ambient pressure 

(3) Repeat the above two steps for several times to attain the 

average result 

 

Result and discussion 

    Influence of activation condition on the pore texture of 

carbon precursor.  Effect of activation time. Fig.1 and 2 showed 

that micropore diameter of precursor increases initially and then 

decreases along with activation time while the micropore volume 

decreases at first and then increases with activation time. Furthermore, 

the activation time correspondent with the minimum micropore 

volume and the largest micropore diameter is coincidently in 

agreement. It was speculated that the micropore forms initially and 

then activation reagents gradually diffuse into the nanopore system 

and continue erode and enlarge the wall of the micropore during the 

activation, which leads to the increase of micropore volume and size. 

Meanwhile, some micropores become so larger that they could turn 

into transitional pore even macropores or connect with each other to 

become larger, so the micropore volume decreases and micropore 

becomes small. However, the subsequent corruption of the wall of the 

larger pores results in the new micropore with smaller size, which 

may increase micropore volume. The other reason why micropore 
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diameter decreased may be the fragment of organic substance from 

cokes blocked the micropore. 

 

 

Fig. 4 Effect of activation temperature on the micropore volume 

 

Fig. 1 The effect of activation time on the micropore size Modification of the textural properties by carbon deposition. 

Pyrolysis of LPG. While liquefied petroleum gas was applied as 

nanopore modifer of precursor, the operating condition, such as the 

concentration of LPG, the pyrolysis temperature and pyrolysis time 

were extensively investigated, unfortunately, it was in vain. The 

modified product showed very weak air separation ability. Meanwhile, 

it was found that the BET surface area and pore volume decrease 

with the increase of pyrolysis temperature or pyrolysis time. Of 

interests were that the loss of micropore volume is always more 

severe than that of transitional pore (illustrated by Fig. 5) and that 

micropore diameter became larger with the loss of micro pore volume 

after carbon deposition (illustrated by Fig. 6).  

 

Fig. 2 The effect of activation time on the micropore volume 

 

     Effect of activation temperature. Fig.3 and 4 illustrated that 

both of micropore diameter and micropore volume increased initially 

and then decreased as temperature rose. However, the culmination 

temperature is not the same. It means that higher activation 

temperature accelerated the process of nanopore or micropore 

generation, but excessive high temperature resulted in the shrinkage 

of the micropore. The key to synthesize ideal precursor is to optimize 

activation temperature.  
 

 

Fig. 5 Profile of pore volume loss percentage 

 

 

Fig. 3 The effect of activation temperature on the micropore size 

 

Fig. 6 Relation between micropore diameter and volume loss Nanopore structure. Sample AC-3# bears abundant and smaller 

size micropore with rather narrower nanopore distribution (Table 1), 

which was the selected carbon precursor that subjected to further 

treatment. It means that thermal activation assisted by KOH is 

feasible to synthesize optimum carbon precursor with initial nanopore 

structure. Of course, the activation condition must be seriously 

controlled.  

 

According to a widely accepted pore texture modal, porous 

carbon bears macropore, transitional pore and micro pore. 

Transitional pore is branched off from macropore and micropore is 

branched off from transitional pore. Macropore and transitional pore 

serve as a passage of gas molecular and micropore practices 

separation in deed. Gas-solid heterogeneous reaction such as carbon 

deposition consists of external diffusion, internal diffusion, 
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adsorption, surface reaction, desorption, internal diffusion and 

external diffusion. Simultaneously, the homogeneous pyrolysis of 

hydrocarbon must be taken into account. So where the carbon 

deposition will occur depends on the relative speed of each step.[3] 

Therefore it was speculated that hydrocarbon molecular (or the 

product of homogenous pyrolysis) could easily enter the transitional 

and micropore. The carbon from pyrolysis either filled the micro pore 

or congested the opening of the micro pore located on the wall of the 

transitional pore. Moreover carbon molecular perhaps occurred on 

the wall of transitional pore, diminished the size of the pore and 

formed new micropore. Because smaller micropore tends to be 

blocked and the size of newly formed micropore is larger, so in 

general the average diameter of micropore increases.   

 

Pyrolysis of butene. The available results were indicated in Table 2. 

Compared with the pyrolysis of LPG, butene is rather feasible to 

modify the nanopore of carbon molecular sieve samples. The 

nanoporous CMS sample indicated the favorable air separation ability. 

It means that the complexity of LPG constitute and too lighter lead to 

be difficult to control the pyrolysis reation. 

    The air separation performance of a commercial CMS was 

compared on the same apparatus under the same operating conditions. 

The concentration of nitrogen was 92.751%. We will also investigate 

the influences of butene concentration, flow velocity, cracking time 

and temperature.  

 

   Effect of carbon precursor. Another carbon precursor (AC-7, 

showed in Table 1) was used to repeat the above experiment of 

butene. The product exhibited no air separation ability. It means that 

the nanopore properties of precursor is very important to do 

subsequent modification of nanopore.  

 

Conclusions 

(1) Petroleum cokes were feasible to be the starting material for 

producing carbon molecular sieves. 

(2) Nanoporous carbon precursor could be synthesized by thermal 

activation assisted by KOH activator. 

(2) During the carbon deposition procedure, the kind of hydrocarbon 

and the pore texture of precursor are critical. Butene might be the 

optimum feed to modify the nanopore structure of CMS samples. 

(3) The theory concerning the gas-solid heterogeneous reaction 

should be tentatively introduced to elucidate carbon deposition 

mechanism.  
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Table 1. The Properties of Carbon Precursor 

 
Activation 

temp. 
(K) 

Activation 
time 
(min) 

Micro-
pore 

diameter 
(nm) 

Micro-p
ore 

Volume 
(cm3/g) 

Micropore 
volume/ 

total pore 
volume 

(%) 
AC-3 1053 120 0.74 0.29 80.78 
AC-7 1123 60 0.80 0.23 76.73 

 

     Table 2. The Carbon Deposition of Butene 

Sample Cracking 
temperature (K) 

Concentration of 
nitrogen (vol.%) 

CD-1 
CD-2 
CD-3 
CD-4 

Commercial CMS 

973 
993 
1013 
1033 
---- 

83.31 
84.67 
83.52 
83.79 
92.75 

 



 
COPROCESSING OF YANZHOU COAL WITH A 

FCC SLURRY 
In order to understand the interaction between coal and slurry, 

Yanzhou coal was coprocessed with the FCC slurry at two different 
coal/slurry ratios(2:1 and 1:2) under the four reaction conditions 
mentioned above. The THF and T conversions of coal alone and 
product yields (based on the overall feed) under different 
conditions were determined to reveal the effects of slurry. The 
conversions of the coal are summarized in Table 3. 
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 Table 3. THF and T Conversion of Coal under Four Different 

Reaction Conditions Introduction 
Although a number of processes for direct coal liquefaction 

and coprocessing of coal with petroleum resid have been developed 
to produce liquid fuels, the liquids produced are still expensive 
compared with petroleum[1]. Principal factors responsible for the 
high cost of coal derived liquids are the high cost of hydrogen, the 
severe liquefaction conditions and the use of expensive catalysts, 
which are essential for high yield of liquids[2]. Recently, a partial 
liquefaction concept was proposed [3]，with characteristics of 
low-severity conditions and comprehensive utilization of all 
liquefaction products. In the partial liquefaction concept, high coal 
conversion to liquids is no longer necessary, highly active but 
expensive catalysts are no longer needed, however, use of the 
heavy liquefaction product becomes a key issue in the overall 
process. Following this thought, we recently studied the heavy 
liquefaction product and found that asphalt produced from 
coprocessing of coal and fluidized catalytic cracking (FCC) slurry 
under mild conditions meets the properties of high grade paving 
asphalt[4]. FCC slurry, produced from fluidized catalytic cracking 
process at oil refineries, has a relatively high polycyclic aromatics 
content. It is costly to further process it to produce distillates, but it 
is an effective solvent for coal liquefaction and is good for 
production of high grade paving asphalt[4,5].  

Conditions THF conversion% T conversion% 
 coal * (2:1) * (1:2) * coal (2:1) (1:2) 
N2, without cat 16.9 17.3 32.0 15.8 16.5 1.5 
N2, with cat 15.5 16.5 21.1 14.4 15.3 8.2 
H2, without cat 38.3 62.8 71.8 35.3 44.8 27.4 
H2, with cat 57.5 70.8 85.2 44.2 48.2 42.7 
* (coal) means the results determined coal alone , (2:1) and (1:2) 
denote the coal/slurry ratios in the feed. 

It can be seen that the THF conversion increases with 
increasing slurry content in the feed concentration. The slurry 
enhanced dissolution and dispersion abilities to coal radicals and 
preventing them to combine together to form solid unreactive 
residue, which results in increased THF conversions. It is also 
observed that the increase in THF conversion is more obvious in 
H2 atmosphere than in N2 atmosphere, which may be caused by the 
good H-shuttling capacity of FCC slurry. However, it is somewhat 
surprising that the T conversion at coal/slurry of 1:2 is far lower 
than that at coal/slurry of 2:1. Possible reasons are that: At 
coal/slurry of 1:2 condition, the high content of slurry provides 
good dissolving and dispersing ability for coal and more coal 
radicals are stabilized as preasphaltene, which could not undergo 
further cracking and results in decrease of T conversion.  This work investigates the coprocessing of coal with a FCC 

slurry under different reaction conditions. Coal conversions and 
product yields are studied to reveal the interaction between the coal 
and the slurry. The roles of catalyst and hydrogen are also 
discussed.  

  Change of product yields in coprocessing under different 
reaction conditions. 

In order to further understand the interaction of coal and slurry 
in coprocessing, theoretical product yields are calculated according 
to the product yields when coal and slurry are treated individually 
under the same reaction conditions. The differences between the 
experimental and the theoretical values, obtained by subtracting the 
theoretic value from the experimental value, are summarized in 
Tables 4 and 5. 

Experimental 
Yanzhou coal (Yanzhou, China) and a FCC slurry 

(Shijiazhuang oil refinery, China) were used. Their characteristics 
were shown in Tables 1 and 2. 
Table 1.  Proximate and Ultimate Analyses of Yanzhou Coal Table 4. Differences in product yields between experimental 

value and theoretical calculation in N2 atmosphere Proximate anal. W/% Ultimate anal.W/% daf 
Mad Ad Vdaf C H N S O* H/C 
2.49 7.14 45.43 81.80 5.86 1.25 3.49 7.60 0.86 

Table 2.  Ultimate Analyses of FCC Slurry 
C H N S O* H/C 
89.77 7.86 0.42 0.75 0.50 1.05 

Condition THF i preasph- asphalt oil <220oC 
(2:1)* without cat -0.2 -0.1 -10.2 2.6 8.0 
(2:1)* with cat -0.6 0.1 -13.0 1.6 11.9 
(1:2)* without cat -4.8 9.5 -8.4 0.5 3.2 
(1:2)* with cat -1.7 3.7 -9.1 1.3 5.8 

* by difference * The meaning of (2:1) and (1:2) are the same as in Table 3. 
Coprocessing experiments were performed under the 

following conditions: (1) N2 atmosphere without catalyst, (2) N2 
atmosphere with a ferrous sulfate-based catalyst impregnated on 
coal[6], (3) H2 atmosphere without catalyst, (4) H2 atmosphere 
with a ferrous sulfate-based catalyst impregnated on coal. During a 
typical run, 100g mixture of coal and slurry were charged into a 
1-liter autoclave. The reactor was filled with N2 or H2 to a pressure 
of 4 MPa and then heated up to 400 oC for reaction. After one hour 
reaction at 400 oC, the autoclave was cooled with a fan to room 
temperature and the gases were vented. The liquid and solid 
products were collected and extracted with tetrahydrofuran(THF) 
and toluene(T) in sequence. The products were divided into 
following fractions: THF i(THF insolubles), preasphaltene(THF 
solubles, T insolubles), asphalt(>320 oC fraction of T solubles), 
oil(220-320 oC fraction of T solubles) and <220 oC 
fraction(including gases). 

In N2 atmosphere (Table 4), less asphalt and more oil and 
<220 oC fraction are obtained in coprocessing, which means that 
there is a synergistic effect between the coal and the FCC slurry on 
production of oil and <220 oC fraction. It is also observed that, at 
coal/slurry ratio of 1:2, less THF insolubles and more 
preasphaltene were obtained, compared to those at coal/slurry ratio 
of 2:1, which suggests increased stabilization ability for coal 
radicals at high slurry content. However, more slurry also confines 
further cracking of coal radicals and leads to increased 
preasphaltene yield. It was found that addition of catalyst had no 
significant effect on changes of product yields in N2 atmosphere. 
Table 5. Differences in product yields between experimental 
value and theoretical calculation in H2 atmosphere 
Condition THF i preasph- asphalt oil <220oC 
(2:1)* without cat -15.8 9.2 4.4 1.7 0.5 
(2:1)* with cat -7.7 5.6 4.5 -1.8 -0.6 
(1:2)* without cat -10.0 13.2 -0.5 -2.0 -0.7 
(1:2)* with cat -7.9 9.0 -5.8 0.4 4.3 

The THF and T conversions of coal were calculated based on 
coal(dry and ash free) and by subtracting contributions of the slurry. 
Product yields were obtained based on overall feedstock. * The meaning of (2:1) and (1:2) are the same as in Table 3. Results and discussion Table 5 shows the differences in product yields in H2 

atmosphere. Results suggest that the coal and the FCC slurry have THF and T conversions of coal 
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a synergistic effect on decreasing THF insolubles. This is due not 
only to the increased dissolution and dispersion ability of slurry, 
but also to the good H-shuttling capacity of the slurry in the 
presence of H2. It can also be observed that more preasphaltene 
was produced compared to that in the N2 atmosphere. This again 
suggests that the enhanced H-donor ability hampered further 
cracking of preasphaltene. It is well known that the addition of 
catalyst can convert H2 into active H atoms and promote the 
change of polyaromatics in the FCC slurry into hydroaromatics and 
the hydroaromatics promote cleavage of some strong bond in coal 
structure[7]. Therefore, in the presence of the catalyst, more 
hydroaromatics was produced from the slurry at coal/slurry ratio of 
1:2 than at that of 2:1, which resulted in less asphalt and more oil 
and <220oC fraction at coal/slurry ratio of 1:2. 
Conclusions 

1. Addition of the FCC slurry greatly enhanced coal conversion, 
which is attributed to its good H-shuttling capacity and 
dissolution ability for coal radicals. 
2. Decrease of T conversion are observed when more FCC slurry 
is used in the coprocessing, the excessive FCC slurry may 
hamper further cracking of preasphaltene by stabilizing coal 
radicals. 
3. In the presence of N2, coal and FCC slurry have a synergistic 
effect on production of oil and <220 oC fraction in coprocessing. 
4. In the presence of H2 and catalyst, polyaromatics of FCC 
slurry may be converted into hydroaromatics, which enhances 
H-donor ability and promotes the cleavage of strong bond of 
coal structure. 
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Introduction
Volatilization of Na during pyrolysis/gasification has been

known to cause severe problems of erosion/corrosion of heat-
exchanger tubes and high-temperature rotating parts in a gas
turbine, affecting the steady operation of the plant. On the other
hand, retention of Na in the char would enhance
combustion/gasification processes due to its catalytic activity.
The volatilization of Na is likely to be dependent on the reaction
conditions. This paper examines the effects of changes in
pressure, heating rate and temperature on the release of Na during
pyrolysis of a Victorian brown coal (Loy Yang).    

Experimental
Coal sample .   A sample of "as-mined" brown coal was

obtained from the Loy Yang field in Latrobe Valley, Australia. The
sample was partially dried at low temperature (<35°C) and then
pulverized and sieved to obtain a fraction sample of particle sizes
between 106 and 150 µm. The properties of the coal sample are: C,
68.5; H, 4.8; N, 0.6 and S, 0.3 wt% on a daf basis with 0.13 wt%
of Na (db).

Pyrolysis. Pyrolysis experiments were carried out in a wire-
mesh reactor1. For experiments at elevated pressures, a reactor
vessel made of stainless steel (instead of glass) was used together
with a specially designed gas distributor and a tar trap. Less than
10 mg of the air-dried sample was used in each experiment. The
details of tar collection, char and tar quantification have been
given elsewhere2,3. All the pyrolysis experiments were carried out
in helium (purity >99.999%). A gas flow rate of 2.5 L min-1

(measured at 25°C and 1 bar) was used for experiments at
atmospheric pressure. For experiments at pressures from 6 bar to
20 bar, a gas flow rate of 4 L min-1 (measured at 25°C and 1 bar)
was used to maintain an upward flow direction of the volatiles.
Experiments using a higher flow rate of 8 L min-1 at elevated
pressures (20 bar) did not show any discernible changes in product
yields.  For very high pressure up to 61 bar, a gas flow rate of 10 L
min-1 was used.

Quantification of Na.  Detailed procedure for the
quantification of Na is given elsewhere2. In brief, after the
pyrolysis experiment, a portion of the char was ashed in a
thermogravimetric analyzer at 600°C (with 30 min holding time)
in O2. The ashing conditions were controlled to ensure complete
combustion without ignition2. The ash was then digested with a
mixture of HNO3 and HF solution. After evaporating HNO3 and HF
the sample was re-dissolved in 20 mM CH3SO3H prior to injection
into an ion chromatograph to quantify Na concentrations.  

Results and Discussion
Pyrolysis experiments using the raw coal sample were carried

out at pressures of 1, 3, 6, 11, 20, 36 and 61 bar. Two heating
rates were used: 1 and 1000°C s-1 with a holding time of 10 s. As
indicated previously4, the introduction of pressure greatly affects
the mass-transport mechanism of volatiles and changes the tar

yield. A brief summary on the effect of pressure on the tar yield i s
given here in the form of Figure 1 at 700 and 900°C. At the fast
heating rate of 1000°C s-1 the tar yield decreases with increases in
pressure up to 11 bar. Further increase in pressure to 20 bar results
in substantial increases in the tar yield. At a slow heating rate of
1°C s-1, the tar yield remains unaffected by pressure up to 6 bar, but
nearly doubles at 11 bar and remains unchanged up to 20 bar.
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Figure 1. Effect of pressure on the tar yield at 700 (l and ° )
and 900°C (n and o) with a holding time of 10 s at: 1000°C s- 1

(filled symbol) and 1°C s-1 (open symbol).

In our previous study2 at atmospheric pressure, the
volatilization of Na was found to be a function of temperature
alone. Changes in the heating rate (1 and 1000°C s-1) had no
apparent effect on the release of Na. When the pressure is increased
in the present study from 1 to 11 bar at 700°C at the fast heating
rate, the Na retention in the char decreases gradually, as shown in
Figure 2. When the pressure is increased to 20 bar, the Na
retention increases substantially which is followed by no
essential increase with pressure up to 61 bar. More than 85% of Na
present in the coal sample is retained in the char at pressures of 20
bar and higher.
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Figure 2. Na retention as a function of pressure at 700 and 900’C at a fast
heating rate of 1000°C s-1 with a holding time of 10 s.

Interestingly, Figs. 1 and 2 suggest that at 700°C the Na
retention followed the path of the tar yield with changes in
pressure. At a higher temperature of 900°C, the Na retention shows
similar behavior to that at 700°C with increases in pressure up to
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11 bar. However, the difference between the Na retention at 700
and 900°C decreases with increases in pressure. At 11 bar, the Na
retention is same at both temperatures. Further increase in pressure
to 20 bar at 900°C causes a significant reduction in the retention
and remains unchanged with further increases in pressure up to 61
bar. It appears from Figs. 1 and 2 that at a higher temperature of
900°C, the temperature has played a significant role in the
volatilization of Na from the coal.  

When the coal particles are heated slowly at 1°C s-1, the Na
retention for both temperatures decreases with pressure to 6 bar
and then remains nearly unchanged up to 11 bar, as shown in
Figure 3. However, at 20 bar the retention increases and matches
the value at 1 bar. This behavior of Na at 900°C is in sharp
contrast to that at fast heating rate. It is also to be noted that the
difference between the retention at 700 and 900°C remained nearly
unchanged with increasing pressure.   
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Figure 3. Na retention as a function of pressure at 700 and
900°C at a slow heating rate of 1°C s-1 with a holding time of 10 s.

It is supposed that when the generation of volatiles in the
particle is rapid the evolution of the volatiles out of the particle
can be affected by pressure5. As discussed in detail elsewhere4, with
changes in pressure, the diffusion flow due to the concentration
gradient and/or the forced flow due to the pressure gradient would
be the main mass transport mechanism for the release of volatiles
out of the particle during rapid pyrolysis. This in turn could affect
the release of alkali and alkaline earth metallic species (AAEM).
Thus, the release of AAEM species was speculated to depend on
their transformation during pyrolysis.

It is known that the carboxylates in coal will undergo
decomposition at relatively low temperatures6. In the absence of
oxygen, some AAEM species associated with the –COO- groups
might leave the particle together with the –COO group. With the
release of CO2, Na originally associated with a –COO group might
still be bonded to coal/char matrix (CM),

(-COO-Na) +  (CM’)    => CM-Na + CO2 (1)
The strength of this newly formed bond will depend on the
temperature alone. Increasing temperature would generate volatile
matter (VM’) from the coal/char matrix,

CM-VM       =>  CM’ + VM’ (2)
and could also break the bond between CM and Na,

CM-Na      => CM’ + Na’ (3)
In the diffusion controlled mass transport regime, the
concentration of the VM inside the particle increases with
increasing pressure. This will allow for the further interaction
between the VM’ and Na’,

VM’ + Na’          =>      VM-Na (4)

It is speculated that the Na could be released along with VM. The
chances of Na being released by reaction (3), even after the
completion of the release of tar and major volatiles, are not
excluded. On the other hand, if the forced flow is the main
controlling mass transport mechanism for the release of volatiles,
the concentration as well as the time spend by VM’ inside the
particle would reduce considerably. This, in turn, would reduce the
possibility of the interaction between VM’ and Na’.

At 700°C the thermal dissociation (reaction 3) would not be an
important process for the volatilization of Na. In the diffusion
controlled mass transport process regime (up to 11 bar), reactions
(2) and (4) would play a vital role and result in more release of Na
with increasing pressure. When forced flow becomes the main
mass transport mechanism (at 20 bar), there are neither enough
Na’ species and/or the VM’ nor the time available for the progress
of reaction (4) to cause volatilization of Na. The Na retention
increased substantially when the pressure is increased to 20 bar
(Fig 2). At 900°C, the reaction (3) would intensify and irrespective
of the mass transport regime would cause further volatilization of
Na with increasing pressure (up to 20 bar). At higher pressures (36
and 61 bar), the data in Fig. 2 suggest that the release of Na has
reached a plateau value at 900°C.       

When the generation of volatiles is slow and is the rate-
limiting process, as in the case with 1°C s-1, increasing pressure
would further increase the concentration of VM inside the particle.
The net result of reactions (2), (3) and (4) is a gradual release of Na
with increasing pressure. The data in Figs. 1 and 3 for 20 bar are
somewhat ambiguous. The slow generation of volatiles is thought
to negate the effect of increasing pressure on the release of
volatiles. However, the increase in the tar yield as well as the Na
retention at 20 bar suggest the forced flow could be the main mass
transport mechanism for the release of volatiles, resulting in
higher retention of Na during pyrolysis. Further work is being
carried out to understand the effect of pressure on the release of Na
during slow heating.    

C o n c l u s i o n s
Tar yield is found to be sensitive to changes in pressure and

heating rate. Volatilization of Na is found to depend on pressure,
temperature and heating rate. At atmospheric pressure, the release
of Na is only temperature dependent. Increasing pressure alters the
mass transport mechanism of the generated volatiles and in turn
affects the volatilization of Na. At fast heating rate, higher
pressure and higher temperature result in substantial volatilization
of Na. At slow heating rate, the volatilization of Na is mainly a
function of temperature.    
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Introduction 

The fate of the nitrogen and sulfur in coal during pyrolysis has 
been studied extensively with different reactors under various 
conditions1-5, since it is related with NOx and SOx emissions in the 
subsequent combustion process. However, most of researchers have 
paid no attention to the release of these heteroatoms from char after 
devolatilization. There have been only a few papers on this topic so 
far6-8. 

It is of interest to make clear what factors can control such 
behavior during high temperature pyrolysis. The present work 
focuses on examining the influences of some factors on the nitrogen 
and sulfur release during coal pyrolysis at high temperatures of ≥ 
1000oC, and on elucidating possible mechanisms. 
 
Experimental 

Coal Samples.  Ten coals with different ranks from different 
countries were used in this work. All the samples were air-dried at 
room temperature, ground and sieved to coal particles with size 
fraction of 150-250 µm. Their carbon, nitrogen, and sulfur contents 
ranged from 66 to 80 wt%, 0.9 to 2.0 wt%, 0.1 to 1.3 wt% on a dry 
ash-free basis, respectively. 

Ca catalyst was loaded on the coal by using a saturated aqueous 
solution of Ca(OH)2 in a rotary evaporator at room temperature9. The 
Ca content in the dried sample was 3 wt%. 

Pyrolysis.  Pyrolysis runs were carried out with a fixed bed 
quartz reactor4, except for the use of a free-fall type quartz pyrolyzer 
under rapid heating conditions (104-105oC/s). After precautions 
against leakage, about 0.5 g of the sample was heated in a stream of 
high purity He (>99.9999%) at 400oC/min up to 1000oC-1350oC, 
soaked for 2 min, and then quenched to room temperature. 

Nitrogen and Sulfur Analysis.  Pyrolysis products were 
separated into gas, tar, and char in the same manner as described 
elsewhere4. N2 in the gas was detected with a micro gas 
chromatograph, and the HCN and NH3 were analyzed with a FT-IR 
equipped with a long-path gas cell. The nitrogen in the tar (tar-N) or 
in the char (char-N) was determined with conventional combustion-
type elemental analyzers. H2S was analyzed by the Gastec standard 
tube. Yield of each nitrogen species or H2S is expressed in percent of 
total nitrogen or sulfur in feed coal, respectively. 

Char Characterization.  The XRD measurements of samples 
after pyrolysis were carried out with Ni-filtered Cu-Kα radiation 
(40kV, 30mA) to clarify crystalline forms and dispersion states of 
inherent minerals and added Ca. The average crystalline size of CaO 
was calculated by the Debye-Scherrer method.  

 
Results and Discussion 

Pyrolysis Temperature.  When the changes in yields of N-
containing products between 1000oC and 1350oC were examined 
with all the coals used, N2 was the dominant species and the yield 
increased almost linearly with increasing temperature with a 
corresponding decrease in char-N. On the other hand, yields of 
volatile-N (tar-N, HCN, and NH3) were almost unchanged.  

The increase in N2 yield between 1000oC and 1350oC is plotted 
as a function of the decrease in char-N yield in Figure 1. There was a 
strong reverse correlation between N2 and char-N, though some data 

were scattered at a larger extent of the decreased yield of char-N. The 
N/C ratios in the 1200oC and 1350oC chars, normalized to that in the 
1000oC char, were lower at a higher temperature, irrespective of coal 
type. Thus, these observations point out that the N2 increased arises 
mostly from char-N after devolatilization. 
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Figure 1. Relationship between N2 and char-N. 
 
Typical examples of H2S release between 1000oC and 1350oC 

are illustrated in Figure 2, where H2S yield is given for AD, LP, and 
TG coals. The yield increased with increasing temperature, and the 
increment depended on coal type. Although recent XPS and XANES 
studies have shown a clear trend of a larger proportion of thiophenic 
sulfur at a higher carbon content in coal10, the increase in H2S yield 
observed between 1000oC and 1350oC was almost independent of 
coal rank. It is suggested that H2S formation under such conditions 
can not be correlated with the distribution of sulfur functional groups 
in coal. 
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Figure 2. Temperature dependence of H2S yield. 
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Solid Residence Time.  The dependence of yields of N2 and 
H2S for AD coal on solid residence time at 1300oC is illustrated in 
Figure 3, where heating rate is 104-105oC/s. Weight loss was almost 
unchanged with the time. Volatile matter in the present rapid 
pyrolysis was the same as or higher than that from proximate 
analysis, indicating complete release of volatile matter. 

As is seen in Figure 3, a small amount of N2 was observed at 
time of 0 s. The yield increased with increasing time and reached 
37% at 120 s. On the other hand, char-N decreased with time, as 
expected. H2S showed almost the same time dependence as N2, and 
H2S yield increased considerably from 38% at 0 s to 82% at 120 s. 

Figure 3 also shows the H/C ratio in the char after pyrolysis at 
time of 30 s or 120 s, normalized to that at 0 s. The ratio was smaller 
at a longer time. There was a reverse correlation between the 
decrease in H/C and formation of N2 or H2S. Since the decrease 
means the occurrence of aromatization reactions of char, it is likely 
that the formation of N2 and H2S proceeds in the process of carbon 
crystallization.  

 

 
Figure 3. Effect of solid residence time on normalized H/C and 
yields of N2 and H2S under rapid heating conditions. 
 

Calcium Addition.  Table 1 shows the effect of Ca addition on 
the changes in yields of N2, char-N, and H2S between 1000oC and 
1350oC. The Ca2+ ions added on AB and AD coals enhanced N2 yield 
at high temperatures of ≥ 1000oC, but decreased char-N yield. The 
Ca on AD coal catalyzed N2 formation more remarkably. This would 

be ascribed to the difference in the content of inherent Ca between 
both coals, that is, 1.8 wt%Ca for AB and 0.2 wt%Ca for AD, since 
the Ca added to a low rank coal with the higher content does not 
work efficiently. No changes in H2S yield for AB and AD coals by 
Ca addition were observed. In other words, the Ca suppressed H2S 
formation. 

The XRD measurements after pyrolysis revealed that the Ca 
existed predominantly as CaO with the average size of 15-30 nm in 
the 1000oC chars derived from Ca-loaded AB and AD coals and 
promoted carbon crystallization at high temperatures above 1000oC. 
When temperature was raised to 1350oC, the sizes increased slightly. 
Thus, the reaction between CaO particles and char-N may occur in 
the process of carbon crystallization. The small peaks of CaS were 
also observed. These observations indicate that the highly dispersed 
CaO catalyzes efficiently conversion reactions of char-N to N2 at 
solid phase, and captures H2S evolved and/or reacts organic sulfur in 
the char. 

A small XRD peak of CaO was also detectable in the chars from 
AB coal, though it was not observed for AD coal because probably of 
low content of inherent Ca. Therefore, the mineral-derived CaO can 
catalyze carbon crystallization, as observed in Figure 3. It is likely 
that N2 formation from char-N and sulfur capture by CaO occur 
through the same mechanism as in the pyrolysis of Ca-loaded coal. 
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Conclusions 

To make clear nitrogen and sulfur release from char after 
devolatilization, ten coals have been pyrolyzed at high temperatures 
of ≥ 1000oC with both a fixed bed reactor and a free fall type reactor. 
Yields of N2 and H2S increase with increasing temperature and solid 
residence time, whereas char-N decreases. The addition of 3 wt%Ca 
to low rank coals enhances N2, whereas it decreases yields of char-N 
and H2S. The Ca is transformed to fine particles of CaO, which 
catalyzes carbon crystallization. CaO particles may not only promote 
N2 formation through solid phase reactions of char-N but undergo 
sulfur capture reactions. 
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Table 1. Effect of Ca Addition on formation of N2 and H2S 
  Change in yield between 1000oC-1350oC (%) 

Coal Ca loading 
(%) N2 char-N H2S 

AB 0 +13 -14  +4 
AB 3 +15 -16  ±0 

AD 0 +27 -32 +11 
AD 3 +32 -35  ±0 
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Introduction 

With the increasing environmental concerns on SO2 emission 
from coal combustion, use of high sulfur coals becomes more and 
more difficult. Development of sulfur removal process from coal 
prior to combustion is very important for continued used of high 
sulfur coals. Pyrolysis is likely to be an effective way to transform 
sulfur in coal to the gas and liquid phases, and to generate low sulfur 
content char for clean combustion.  

Researches show that the efficiency of sulphur removal from 
coal through pyrolysis depends on many factors, such as temperature 
[1-3], heating rate [2], nature of atmosphere [3-6], residence time and 
coal type [6]. Pyrolysis of coals in nitrogen, hydrogen and steam 
indicates that H2 atmosphere results in better sulphur removal 
efficiency than others, but the char yield is low, and the sulphur 
content of the char usually does not show significant decrease 
compared to the raw coal. To reach the goal of simultaneous sulphur 
removal and production of chars of high heating value, selective 
sulphur removal from coal is preferred. It is possible that addition of 
other chemicals are required to selectively reduce the strength of 
sulphur-carbon bonds and/or to stabilise the sulphur containing 
radicals to prevent them to form solid products, however, a little 
work is available in the literature in this field. 

In this study, ethanol and acetone as well as nitrogen and 
hydrogen were used to constitute different atmospheres for pyrolysis 
of coal to evaluate their effect on sulphur removal. The results 
obtained are useful for understanding of sulphur removal mechanism 
from coal and for development of novel sulphur removal 
technologies.  
 
Experimental 

A Spanish coal (Mequinenza) and three Chinese coals 
(Yanzhou, Datong and Xianfeng) were used in this study. All 
samples were ground to less than 0.25mm before use. Ultimate and 
sulfur-form analyses of the coals are presented in Table 1. 

 
Table 1.  Ultimate and Sulfur-form analyses of sample coals  

Samples Yanzhou Datong Xianfeng Mequinenza 
Ultimate( wt%, daf) 
  C 81.80 82.76 66.98 61.64 
  H   5.86   5.07   5.73   7.45 
  N   1.25   0.82   1.50   1.39 
  S   3.49   2.42   1.16 12.03 
  O (diff.)   7.60   8.93 25.63 17.49 
Sulfur-form (wt% total ) 
  Pyritic 44.70 64.32   2.59   3.82 
  Sulfate   0.57   3.01 14.66   9.39 
  Organic 54.73 32.67 82.76 86.79 

 
Pyrolysis runs were carried out in a fixed bed quartz tube 

reactor (70cm length, 1.4cm i.d.). Coal samples were heated from 
room temperature to 500oC or 700oC at a heating rate of 10°C/s. 
Ethanol or acetone was fed into the reactor by a pulseless pump, 
vaporised and then carried to the pyrolysis area by nitrogen. As a 
reference, hydrogen atmosphere was also used in the study. And the 
flow rate of nitrogen or hydrogen was 30ml/min. In order to compare 

the effects of different atmospheres, the same amount of organic 
reagents as that of hydrogen (in mol) were introduced. The amounts 
of these reagents actually fed into the reactor were 0.05ml/min for 
methanol, 0.08ml/min for ethanol and 0.10ml/min for acetone in the 
liquid state. 

The sulfur content of raw coals and the pyrolysis chars were 
analysed by a sulfur detector (model WDL-3C). 
 
Results and Discussion 

Figures 1(a, b, c, d) is the desulfurization results of these four 
coals at 700oC. In the figure, X-axis represents the percentage 
changes of the weight loss of coal (weight lose%), and Y-axis is the 
corresponding efficiency of desulfurization (De-S%). By this way, 
the degree of desulfurization can be reasonable evaluated. For a 
pyrolysis in which De-S% is equal to the weight loss%, in other 
words, the sulfur content in char (Schar%) is as same as that in coal, 
then the result is represented by a point on the diagonal line.  

Figure 1(a) is the effect of atmospheres on desulfurization of 
Yanzhou coal. It shows that for Yanzhou coal the order of the effect 
on De-S% is as following H2>N2> C2H5OH> CH3COCH3. However, 
the value of weight loss% is also with the similar order. Furthermore, 
the values of Schar% are 2.56% for H2, 2.77% for N2, 2.54% for 
ethanol, 2.79% for methanol, and 2.87% for acetone. Although the 
values of Schar% for hydrogen and ethanol atmospheres are very 
similar, the yield of char for ethanol is about 7 percentage points 
higher than that for H2 atmosphere. This suggests that ethanol 
atmosphere is much more selective to sulfur removal than H2 
atmosphere. It is also interesting to note that introduction of acetone 
also results in higher char yields compared to that in H2 and N2 
atmospheres. Figure 1(b) is the desulfurization results of Datong 
coal. Among the four atmospheres, ethanol results in the highest char 
yield and the highest De-S%. While De-S% and the char yield 
observed for H2 atmosphere are nearly 20 and 7percentage points 
lower than that for ethanol, respectively. Figure 1(c) is the pyrolysis 
results of Xianfeng coal. Again, ethanol atmosphere results in almost 
the highest De-S% and nearly the lowest weight loss%. Figure 1(d) is 
the results of Mequinenza coal. Similar to the Chinese coals, ethanol 
atmosphere gives the highest char yield and the highest De-S%. 
Although H2 atmosphere yields a De-S% value very close to that of 
ethanol atmosphere, its weight loss% and Schar% are higher than that 
in ethanol atmosphere. 

In general, Figures 1 shows that introduction of ethanol and 
acetone does alter the pyrolysis of the coals, and usually results in the 
chars with high yields and low sulfur contents. Hydropyrolysis, on 
the other hand, usually promotes devolatillazation of coal but is 
ineffective to generate low sulfur-containing chars. 

Although detailed mechanism on the effect of the atmospheres 
is not clear by now, it is certain that this effect is related to the state 
of sulfur in coal as well as the type of the coal. The differences in 
weight loss% between ethanol and hydrogen for Yanzhou, Datong, 
Xianfeng and Mequinenza are 7.21%, 6.94%, 3.17% and 3.18%, 
respectively. The four coals studied can be divided into two groups, 
one group are lignites, including Mequinenza and Xianfeng, the other 
are bituminous coals, while the differences mentioned can also be 
divided into two groups, 3% for lignites and 7% for bituminous coals. 
The phenomena may indicate that the influence of ethanol on yield of 
char is related to the type of coal or carbon content in raw coal. 
Comparing the desulfurization efficiency of these coals, it was 
observed that the improvement of De-S% by ethanol atmosphere is 
much more than those by hydrogen atmosphere for Datong coal. It 
suggests the possible existence of the special sulfur containing 
structures in Datong coal, which interact strongly with ethanol during 
pyrolysis. 
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                           (c)                                              (d) 
Figure 1.  Effect of gaseous additives on desulfurization of four 
coals during pyrolysis. (a) Yanzhou coal (b) Datong coal (c) 
Xianfeng coal (d) Mequinenza coal 
 

In order to see clearly the effects of the gaseous additives at 
different temperature ranges during pyrolysis, a variables FT is used 
in this study. FT and is calculated according to the following 
equation: 
FT(T1~T2)=[(De-S%T2-De-S%T1)/(Weight loss%T2-Weight loss%T1)]-1 
Based on the equation, if the change of De-S% is dominant, then FT 
will be more than zero, but if the change of Weight loss% is 
dominant, then it will be less than zero. Here two temperature ranges, 
≤500oC and 500~700oC, are studied separately. Figure 2 is the 
change of FT for Yanzhou coal in different pyrolysis atmospheres. It 
is observed that: (1) Below 500oC, the value of FT is more than zero 
only for ethanol, zero for acetone and less than zero for the others. 
That is to say, in the atmosphere of ethanol more sulfur can release 
than volatile matter does. While in other atmospheres the emission of 
volatile matter is dominant; (2) From 500oC to 700oC, all FT is more 
than zero. That is to say, sulfur releasing is dominant in this 
temperature range for all atmospheres. And in hydrogen the 
desulfurization effect is the best. In acetone and ethanol there are 
similar effect on desulfurization; (3) In hydrogen the gap of FT 
between these two temperature ranges is the widest, while in ethanol 
the gap is the narrowest. The atmosphere of hydrogen is the most 
sensitive to temperature, while ethanol is a relative mild atmosphere 
for desulfurization. Of course, FT is only the overall effect in the 
temperature range, and if the temperature range is narrow enough, 
the nature of each atmosphere will be discovered more clearly.  
Figure 2.  The change of FT for Yanzhou coal under different 

pyrolysis atmospheres. 
The promotion on sulfur removal by the introduction of ethanol 

depends not only on the sulfur structure in coal, but also on the 
decomposition of itself during pyrolysis. As known, pyrolysis 
generates free radicals from coal under a broad range of 
temperatures. Combination of large radicals produces heavy products 
such as char, and combination of small radicals produces volatile 
products such as gas and tar. If there is not enough small radicals to 
stabilizing the sulfur-containing radicals from coal, the sulfur-
containing radicals released from coal may react with large radicals 
to form char, which reduces the sulfur removal effect. Pyrolysis of 
the organic reagents added may produce more small radicals 
including hydrogen redicals, to stabilize the sulfur containing 
radicals, and to increase the amount of sulfur in the volatile products. 
The proposed decomposition mechanisms of ethanol and acetone are 
shown in the following along with the decomposition energy for each 
substance. 
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              91                  ↑39 
                   → ·OH + C2H5· 
C2H5OH                         . 
                   → H· + CH3CHOH 
              93                  ↓27 
                             H· + CH3CHO 
                                           ↓82 
                                  CH3·+ CHO· 
                                               ↓18 
                                         CO + H·                     
 

CH2CO + H· 
                 80         ↑43 
CH3COCH3 → CH3CO · + CH3· 
                               ↓14 
                             CO + CH3· 

D298o(kcal •mol-1) 
 

         Comparing these reactions, it is observed that ethanol can 
generate more small free redicals, especially hydrogen redicals, than 
acetone.  Among these free radicals, hydrogen redicals may be the 
main one promoting the sulfur removal reaction. Studies, however, 
are needed for further exploration on this subject.  
 
Conclusions 

Compared to pyrolysis and hydropyrolysis of coals, the 
introduction of ethanol and acetone into the reaction atmosphere 
selectively promotes sulfur removal from coal, which results in chars 
of low sulfur content and high yield, especially for ethanol. In 
addition, there is a symmetrical and promotive effect on 
desulfurization at a wide temperature range in ethanol. 
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Introduction   
     Coal is a cheap and the most commonly fuel in China. However, 
coal contains trace hazardous elements of environmental concerns in 
ppm order, such as As, Pb, Cr, Cd, and Mn. The presence of the 
elements can have a great influence on coal utilization processes. The 
most important effects are related to coal combustion and the 
environmental impact resulted from the thousands of tonnes of solid 
emitted into the atmosphere. For example, the release of the trace 
elements from coal as vapor or fine particles during combustion 
causes causes potentially toxic to plants, animals and human health 
and pollution to ecological environment under certain conditions and 
concentrations1-3. The formation of the technology for the coal 
utilization units requires the understanding of their occurrence in coal, 
their behavior during and prior to combustion and their form in the 
stack gas. 
   Recently, many of researchers have concentrated on behavior of 
trace elements during combustion and post-combustion3-7. Their 
investigation on the transformation of trace elements during coal 
combustion have shown that the volatility of trace elements depends 
on their affinities and concentrations, and on the physical changes and 
chemical reaction of these elements with sulfur or other volatile 
elements during combustion. The main purpose of this study is to 
understand the transformation of As, Pb, Cr, Cd, and Mn during coal 
pyrolysis. The effects of pyrolysis temperature and coal type were 
investigated. In addition, thermodynamic analysis was also further 
carried out. 
 
Experimental 

    Three Chinese coals, Datong, Shenhua and Yima, were used in 
this study. The coals were crushed and sieved to 0.16~0.27mm, and 
then dried under vacuum at 110oC with a nitrogen purge. The 
properties of coals are given in Table 1. 

 
Table 1. Analysis of coal samples•wt% 

Proximate 
analysis 

Ultimate analysis•daf Ash 
analysis Coal 

sample 
Vad Ad M 

 
C H N S Oa 

 
 

Si Al 

Shenhua 30.71 6.61 0.51 63.77 3.81 0.79 0.57 31.06  27.8 5.9 

Yima 30.24 15.79 0.79 58.88 2.94 0.65 1.94 35.62 
 
 
30.1 10.0 

Datong 26.86 13.58 0.61 67.62 4.18 0.72 2.03 25.45  25.4 11.3 
Note:  a: by difference 
 
     Pyrolysis experiment was conducted in a fixed bed quartz reactor 
under N2 stream with a heating rate of 20oC/min. The temperature 
ranges from 500oC to 1000oC. As, Pb, Cr, Cd, and Mn contained in 
char and raw coal were measured by inductively coupled plasma-
atomic spectroscopy (ICP-AES). The concentrations of elements in 
three raw coals are presented in table 2. Bleeding ratio (BR) was 
defined as:  

It was used to evaluate the change of the trace elements in coal during 
the treatment. 
 

Table 2. The concentration of trace elements 
in three coals•µg/g coal 

Coal 
sample As Pb Cr Cd Mn 

Shenhua - 6.2 3.2 - 70.5 

Yima 40.3 12.6 15.6 1.28 40.4 

Datong 8.6 8.8 6.2 0.25 49 

 
Results and discussion 

Transformation of trace elements with temperature. As 
shown in Fig 1(a), the large amount of As and Cd is released from 
Datong coal at relative low temperatures of 500oC, while the 
temperature for lead release is above 800oC. The lesser emission of Cr 
and Mn during pyrolysis implies that these elements may be retained 
by aluminosilicate, or was initially existed as more stable forms in raw 
coal8.  
    The bleeding ratio was plotted versus the yield of volatiles (tar +gas) 
in Fig 1(b) for Datong coal. The points are divided into two parts by 
the diagonal line l. The points at the upper part represent the char with 
a concentration of trace elements lower than that in raw coal and the 
points at the lower part represent the char with a concentration of the 
trace elements higher than that in raw coal. As shows that the 
concentration of As, Cd and Pb in char decreased to lower than that in 
raw coal with increasing the yield of volatiles. This indicates that the 
majority of these elements vaporized by heat treatment. Cr and Mn 
concentration in all the chars, however, are higher than that in raw 
coal, which indicate their relative non-volatility.   

Effect of coal type. The bleeding ratio of trace elements in 
1000oC char with coal type is shown in Fig 2. This was examined for 
Pb, Cr, Mn in three coals and for As, Cd in Yima and Datong coals. 

%100
coalin   ionconcentrat

yieldchar charin ion concentrat-coalin ion concentrat
BR(%) ××=

Fig. 1 Effect of temperature on release of trace elements for 
Datong coal (ο) As;  (∆) Cd;  (×) Pb;  (+) Cr;  (∇) Mn 
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As indicated the bleeding ratios of Pb, Cr, Mn for Shenhua coal were 
the highest. Among the five trace elements considered, Lead was the 
most volatile element at pyrolysis temperature of 1000oC. Arsenic and 
cadmium were next volatile elements with bleeding ratio of 51.8% and 
38.8% for Datong coal and 30.1% and 27.2% for Yima coal. For a 
given element, the bleeding ratio varies with the coal type. This may 
be caused by the difference in the chemical composition of the raw 
coal, both element-containing compounds and the relative compounds  

  
Thermodynamic behavior of trace elements.  

The element volatility behavior is related with boiling point of the 
element and of the relative compounds. The high volatility of the 
element is often related to the low boiling points and compounds.  
Boiling points of trace elements considered and their relative 
important compounds are presented in table 3. It can be seen that 
boiling points for Mn element and compounds are higher than the 
pyrolysis temperature studied. It is consistent with the lower bleeding 
ratio of Mn. Although the high boiling points of oxides, sulfides for Pb, 
Cr and Cd are relatively high, the boiling points of chlorides for these 
elements plus As are lower than the pyrolysis temperature range 
studied. Thus it may conclude that the formation of chlorides during 
pyrolysis promotes the emission of the elements. Due to high boiling 
points of element, oxide and sulfide, Pb is non-volatility. However, it 
can be transformed into Chloride at high temperature of 1100K by 
gasification-agglomeration effect9. This accelerates Pb emission. 
Moreover, this is consistent with the experimental result that bleeding 
ratio of Pb increased quickly above 800oC. As and Cd are both 
volatile elements based  on  the  boiling  points  of  elements  and  
their  oxides.  

 
Table.3. Boiling point of trace elementsand their compounds, oC 

 
  kind Element Oxide Sulfide Chloride 

Pb 1740 1535 1281 953 

As 814 461 707 130 

Cd 765 >920 1382 964 

Cr 2672 2275 1550 950 

Mn 1900 1650  1190 

Furthermore, formation of their chlorides can also result in more 
emission for As and Cd from coal. However, the elements did not 
release completely during pyrolysis. This suggests that some of As and 
Cd may be existed in more stable structure in coal or chlorine content 

in coal is limited.  Compared with Pb, As, and Cd, however, Cr is 
non-volatility element. This accords with the fact that high boiling 
points of element and compounds for Cr, especially that its chlorides 
is hardly to be formed at 1100K.  

 
Conclusions 
    The behavior of trace elements observed in this study was 
dependent upon both coal type and pyrolysis parameters. The amount 
of trace elements emissed during pyrolysis increased with increasing 
temperature. Although Pb, As and Cd were volatile, their volatility 
varies with coal type. This indicates that the volatility is related with 
the form of the elements occurred in raw coal. Cr and Mn were 
relatively non-volatile elements under the conditions tested.  
   Further work identifying the relationship between volatile and 
elemental form in raw coal, particularly for the elements Pb, As, and 
Cd is clearly needed. 
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Introduction
        Coal contains harmful elements of environmental concerns in
ppm order, such as Na, K, Pb and Mn. Release of these elements from
coal as vapor or fine particles during coal combustion causes severe
problems to the turbine blades, human health and ecological
environment [1-3]. Therefore, a full detailed understanding on the
chemical and thermal stability of Na, K, Pb and Mn during coal
processing is desirable in guiding their effective control prior to
combustion.
        Recently, many researchers have studied the forms of Na, K, Pb
and Mn in coal and their fate during coal combustion [3-7]. However,
the information on the transformation of the elements during
pyrolysis is limited. The attempt was made in this paper is to
understand the transformation of Na, K, Pb and Mn during thermal
treatments under different conditions. The effects of the temperature,
pressure, and atmosphere were investigated. The pyrolysis
temperature was found to be the most influential factor for Na, K, Pb
and Mn evolution.

Experimental
        2.1 Coal sample. Two Chinese coals, Shenhua and Yima, were
used in this study. The coals were crushed and sieved to
0.16~0.27mm, and then dried under vacuum at 110oC with a nitrogen
purge. The properties of the coals are given in Table 1.

Table 1. Analysis of coal samples wt%
Proximate

analysis Ultimate analysis daf Ash
analysisCoal

sample Vad Ad M C H N S Oa Si Al

Shenhua 30.71 6.61 0.51 63.77 3.81 0.79 0.57 31.06 27.8 5.9

Yima 30.24 15.79 0.79 58.88 2.94 0.65 1.94 35.62 30.1 10.0

2.2 Apparatus and Procedure. A schematic representation of
experimental apparatus is shown in Fig 1. It consists mainly of a
rotary furnace and a pyrolysis reactor. Prior to a reaction about 5g
of coal sample was placed at the top of the reactor. Then it was sealed

and filled with a desired gas to a pressure of 0.1 MPa or 5.0 MPa.
During these processes, the reactor was maintained at horizontal
position. After heating up the reactor to a desired temperature, the
furnace, along with the reactor, was quickly turned to vertical
position to allow fast pyrolysis. After 2 minutes, the reactor was
pulled out from the furnace and quenched in the cold water. Char was
collected from the bottom of the reactor. Amount of gases produced
was determined by the weight difference of the reactor with the
samples before and after the reaction. Amount of tar produced was
calculated by subtraction.

2.3 Trace element analysis. The forms of Pb and Mn contained
in the coals were defined as the following: H2O solubles, HCl
solubles and residues. Deionised water and aqueous solutions of 1N
hydrochloric acid (HCl) were used for H2O solubles and HCl
solubles seperation. The use of HCl removed acid soluble minerals
such as calcite (CaCO3), dolomite (CaMg [CO3] 2), and siderite
(FeCO3). Clay (aluminosilicates), quartz (SiO2), and pyrite (FeS2) as
residue remained in the solid. The content of Na, K, Pb and Mn in
raw coal, char and solutions was measured by inductively coupled
plasma – atomic emission spectroscopy (ICP-AES).

Results and Discussion
3.1 Release behavior of the elements in Shenhua and Yima

coal. Tables 2 and 3 show changes of Na, K, Pb and Mn content in
chars with temperature during pyrolysis in a nitrogen atmosphere.
Although contents of all the four elements decreased with increasing
pyrolysis temperature, the initial emission temperature for Shenhua
coal (400oC) is lower than that for Yima coal (600oC). The content of
Na, K, Pb and Mn in chars varies with coal type. This indicates that
the transformation of the elements is related to their forms in the
coals and the environment around them. Larger amounts of Si, Al and
S in Yima coal than those in Shenhua coal suggests that the elements
in Yima coal may be existed as sulphate, aluminate and silicate of
thermal stable forms. Due to high boiling point of these thermally
stable compounds, their decomposition and transformation are
difficult [6,7,11]. This resulted in the lower emission of the elements
from Yima coal.

Table 2. char yield (wt%) and the contents of elements for
Shenhua coal g/g coal

Temperature Raw
coal

400 500 600 700

Char yield 97.75 93.65 87.80 81.41
Na 1334.2 1334.2 1331.5 1328.9 1299.1
K 2963.1 2963.1 2963.1 2960.1 2927.5
Pb 13.1 13.1 13.1 12.5 11.8
Mn 41.8 41.8 41.8 41.7 40.8

Table 3. char yield (wt%) and the contents of elements for Yima
coal g/g coal

Temperature Raw
coal 400 500 600 700

Char yield 93.61 91.41 86.70 81.00
Na 893.2 846.6 843.0 835.0 823.3
K 627.0 610.1 605.7 604.4 595.7
Pb 6.2 5.8 5.7 5.5 5.3
Mn 70.6 67.2 67.1 66.9 66.5

P

1 2 3

4

5

1 furnace, 2 reactor, 3 gas in and out, 4 coal sample 5 thermocouple
Fig 1. The schematic of high pressure closed fast pyrolysis apparatus



Fuel Chemistry Division Preprints 2002, 47(1), 204

In order to further demonstrate the relationships between the
behavior of the elements during heating and their chemical forms in
the coals, the distribution of the forms for the elements in Yima and
Shenhua coals were investigated. Results obtained for the elements
Pb and Mn are presented in Table 4. It can be seen that Pb is
predominantly present as H2O solubles and residues in Shenhua coal.
However, the residues are the main forms of Pb in Yima coal. It is
consistent with that Pb is often reported to be strongly associated
with sulfur and Pb sulfides are H2O insoluble. In the experimental
temperature range, residues are non-volatile compounds. This may
lead to lower release of the elements from coals. H2O solubles of Pb
were found in Shenhua coal but not in Yima coal. This results in the
difference of initial emission temperature between two coals.
However, percentage of Pb emitted (14.1%) up to 700oC is lower
than that of H2O solubles (23%) based on total content in Shenhua
coal. This suggests that the H2O solubles of Pb is not released to gas
completely and partly converted into other forms during thermal
treatment. In addition, Mn in both coals is distributed in all the three
forms but H2O solubles fraction is negligible. This agrees with the
non-volatile behavior of Mn.

Table 4. Analysis of elements forms g/g coal
Pb Mn

solubles
Shenhua Yima Shenhua Yima

H2O 1.7 0 1.2 0.1
HCl 0 1.1 57.8 0.3

Residue 4.6 11.8 11.6 40.3

3.2 Influence of atmosphere. Fig 2 (a) and (b) show the
changes in content of Na, K, Pb and Mn in Shenhua coal during
pyrolysis in N2, H2 and CO2 atmospheres. Among the three
atmospheres, H2 results in the least elements retention and CO2 the
highest elements retention. The polymerization between siliceous
char and volatile compounds is favorable in oxidizing atmosphere [8].
This may transform volatile compounds of Na, K, Pb and Mn into
thermally stable compounds.  In contrast, the high yield of volatile

compounds (gas +tar) under H2 (shown in Fig 3) increases the
emission of the elements by transferring thermally stable compounds
into low boiling point of compounds (such as chloride) [9]. As a result,
H2 and CO2 resulted in obvious distinction on emission of the four
elements.

3.3 Influence of pressure. The effects of pressure on the
retention of Na, K, Pb and Mn in Shenhua coal during pyrolysis were
given in Fig 4. Although lesser amounts of the elements were
released at 5MPa than at 0.1MPa, the effect of pressure is small. Two
important steps may affect the release of the elements: breaking of
chemical bonds and transfer of the volatiles from the coal pore to the
gas phase. Generally speaking, the former is not sensitive to the
pressure, but the latter is affected by the pressure. The higher
pressure restrains the transfer of volatile compounds from the pore of
coal and increases the possibility of the element retention in the char.
The thermodynamic analysis also confirmed this [10].

Conclusions
        The effects of atmosphere, pressure and temperature on trace
elements release behavior during thermal treatment were investigated.
The elements studied are Na, K, Pb, and Mn. The order of
atmosphere influence on the emission of the elements is H2> N2>
CO2. Although the effect of pressure is not significant, the higher
pressure results in the lesser element emission. The emission of the
four elements is mainly dependent on temperature and their forms in
coal.
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ABSTRACT 
A transient 2-D model based on the first principles has been 
developed for the natural smoldering of a porous carbonaceous rod. 
Heat transfer is represented by the use of a two-temperature 
formulation whereby the solid and gas phases are considered to 
have separate and distinct temperatures interacting through an 
inter-phase heat exchange. The starting material first undergoes 
pyrolysis prior to oxidation of the remaining carbonaceous residue. 
The pyrolysis is assumed to consist of a set of reactions. Oxidation 
of the carbonaceous residue is accompanied by the formation of 
gas-phase combustion products, whose concentration is also 
computed. Calculations under unsteady conditions are done for a 
variety of smoldering cases with varying operating and boundary 
conditions. The model was validated by comparing the predictions 
with the experimental data on the smoldering burn rate and the 
maximum gas and solid temperatures. The computation captures 
the development of a steady combustion regime in which the burn 
front moves at a constant rate. More information can be obtained 
from the model including coal shape, gas and solid temperature 
profiles, product yields, solid density variations, and the effects of 
ignition conditions. The results are shown to be very sensitive to 
the availability of oxygen as well as heat losses. 
 
INTRODUCTION  
 
Smoldering of a porous carbonaceous rod is normally controlled by 
two main parameters: availability of oxygen to the combustion 
front and heat losses form it. The velocity of the combustion front 
into the carbonaceous fuel after the ignition by an external heat 
source and the peak temperature are two indicators of the 
sustenance of combustion. It is a transient process which is 
controlled by a combination of endothermic and exothermic 
chemical reactions in the pyrolysis and combustion zones, 
diffusion of oxygen to the combustion zone, diffusion of reaction 
products away from the sources, and heat transfer as well.  
Since the early 1980's, several works on smoldering of cellulosic 
materials have been reported [1-7]. These works were focused on 
the generalization of combustion modeling in porous media.  Both 
forward and reverse smoldering were considered, where a forced 
flow of air is resumed either in the direction of (forward) the 
smolder propagation or opposite to that (reverse).  Analytical and 
numerical solutions were obtained for 1-D case of a semi-infinite 
packed fuel bed. In an attempt to model the steady state smoldering 
of a burning rod, Kinbara et al [8] used the a diffusion controlled 
approach to model the smoldering of a cylindrical fuel. The model 
was 1 D and the predicted behavior was in agreement with the 
measured burn rate.  Ohlemiller [1] considered a burning cigarette 
as forward smoldering case, in which the air flow is in the same 
direction as the travelling combustion front. A comprehensive 
description of the mathematical formulation was presented by 
Ohlemiller [1], but no attempt was made to develop a solution 

technique for the multi-phase and multi-component system of 
equations.  
 
We have recently embarked on an effort to develop comprehensive 
modeling software for the prediction of flow, heat transfer and 
chemical reaction in a burning porous rod. In this paper we present 
the natural smoldering combustion of the rod where no forced flow 
exists within the rod. A two-temperature formulation for the solid 
phase and the gas phase is then developed. In the subsequent 
sections, the model is described, followed by a description of the 
governing equations and the boundary conditions. Finally, the 
computed results are evaluated and recommendations are made.   
 
MODEL DISCRIPTION   
 
The modeling of pyrolysis and combustion in a smoldering fuel 
bed requires the solution of flow, heat and mass transfer through 
porous media. The gas and solid phases are treated separately. 
Pyrolysis occurs in the starting material through a set of pyrolysis 
reactions. The pyrolysis reactions result in the formation of a series 
of products. The pyrolysis products leave the solid phase, while the 
remaining carbonaceous residue is oxidized when exposed to high 
temperatures and oxygen. Some species in the gas phase may 
undergo further degradation reactions into other gas phase species, 
which is not considered in this study. In addition, we must also 
account for the evaporation of water, other volatile materials, and 
ash formation reactions as well. 
 
The combustion process is initiated by applying a high temperature 
or a high heat flux at one end of the fuel rod for a fixed time. This 
initiates the pyrolysis reactions in a very narrow, nearly one-
dimensional zone, followed by the oxidation of the carbonaceous 
residue.  It is followed by combustion reactions in a larger two-
dimensional cone, sustained by the diffusion of oxygen from the 
surrounding air through the porous fuel rod under smoldering 
conditions. The burn front moves axially, so does the combustion 
cone.  For a given smoldering condition, the burn front is expected 
to travel at a constant velocity away from the lighted end of the 
rod. 
 
Following the ignition, the instantaneous density of the starting 
material is calculated using a set of pyrolysis reactions and water 
evaporation represented by Arrhenius expression. The remaining 
solid residues react with oxygen at high temperatures which is 
assumed to follow Arrhenius relation as well. The kinetic 
parameters for the material of interest are obtained from literature.  
 
The gas-phase transport equation is expressed as 
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where, φ is the porosity of the porous bed, ρ is the gas-phase 
mixture density, D is the diffusion coefficient of the species in the 
mixture and Ri is the volumetric rate of species production due to 
the oxidation reaction. All terms involving velocity V will be 
omitted for the case of smoldering.  
The solid and gas phase energy equations are given as 
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The implementation of the models is done in a custom version of 
Fluent’s structured mesh solver, Fluent 4.5.  The domain is 
discretized into structured control volumes over which the 
conservation equations for mass, momentum, energy and chemical 
species are discretized. 
 
A variable time step is used to do the calculations, with relatively 
large time steps of between 0.1-0.01 seconds during the initial 
passive heat-up stage followed by very smaller time steps once 
combustion commences. The size of the time step is controlled by 
the time scale of the oxidation reaction which is very fast. 

and 
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RESULTS AND DISCUSSIONS 
 
Numerous calculations were performed to identify the effects of 
the appropriate model parameters, numerical parameters and 
boundary conditions. A number of results including the effects of 
the surface heat transfer coefficient, overall mass transfer 
coefficient and the lighting conditions are reported here. The 
overall mass transfer coefficient, to which the results are very 
sensitive, depends on the convective coefficient on the surface as 
well as the diffusion coefficient in the porous wrapper if exists. In 
practice, the air velocity on the surface, hence the heat transfer and 
mass transfer coefficients, are highly unpredictable and vary 
significantly depending on the conditions of the air surrounding the 
rod. Therefore, an accurate comparison between the experimental 
results and the predictions was impossible, because most of the 
data available in the literature do not provide sufficient information 
on either the operating conditions or the physical properties. 

 
respectively. For the solid phase equation, the source term Ssolid 
would include the heat of reactions. k s,eff includes the radiation 
contribution to heat transfer in the solid by using Rosseland 
approximation to augment the solid conductivity. The interface 
heat exchange between the solid and gas phases is prescribed 
empirically by assuming a pore geometry. The correlation by 
Wakao and Kaguei [9] has been used in this study. 
 
Boundary Conditions 
For smoldering, the internal flow in the porous media is assumed to 
be negligible. The temperature for both the solid and gas phases at 
the inlet is held at T=1000 K until combustion starts; this typically 
takes 10-30 seconds depending on the conditions. After this, the 
temperature for both phases is set to T=300 K. All gas-phase 
species are assumed to have zero mass fraction at the inlet except 
oxygen, which assumed a mass fraction of 0.23 and nitrogen, 
which assumes a value of 0.77 throughout the smoldering process. 
At the outlet, a zero gradient condition is assumed for temperature 
and species mass fraction. 

 
Figure 2 shows the gas-phase temperature contours at steady state 
conditions for smoldering of a fuel rod made of cellulose. The 
steady state conditions prevail approximately 100 seconds after 
ignition. The kinetic parameters for this run were obtained from 
Kashiwagi and Numbu [10] and the thermophysical properties 
form Moussa et al. [11] and Dosanjh et al. [12]. The temperature at 
one end of the fuel rod was raised to 1000 K for 3 seconds. 
Combustion is initiated at this time and the temperature is set back 
to 300 K. The maximum temperature that normally occurs at the 
centerline (see Figure 1) strongly depends on the surface heat and 
mass transfer coefficients. The corresponding values for this run 
are 80 W/m2K and 0.008 kg/m2s respectively. The oxygen 
concentration for this case at the same time is shown in Figure 3. 
An oxygen-depleted region can be clearly seen in this figure.  

For smoldering, no flow boundary conditions are required. The gas 
and solid phase temperatures are subjected to a convective 
boundary condition at the lateral cylindrical boundary. All gas-
phase species except oxygen are subjected to zero gradient 
conditions at the lateral boundary. For oxygen, different boundary 
conditions have been used for smoldering calculations, ranging 
from fully impermeable, to having a specified mass transfer 
coefficient.   
Initially, both the gas and solid phase temperatures are set at 300 K 
throughout the domain. The mass fractions of oxygen and nitrogen 
are set at their environmental values of 0.23 and 0.77 respectively.  

The temperature of solid phase is slightly higher than the gas 
temperature (not shown in the figure). The difference is due to the 
fact that heat is generated in the solid phase as a result of chemical 
reactions and has to be transferred from the solid to the gas phase 
through the gas-solid interface. Therefore a solid-to-gas phase 
temperature gradient is required to keep the flow of heat, which is 
caused by the thermal resistance associated with the interface. The 
actual temperature difference between the two phases depends on 
the gas-solid interface resistance as well as the interface area, both 
of which are difficult to be accurately evaluated. The predicted 
temperature difference is generally between 1 and 2% of the gas 
temperature. For the case of Figures 2 and 3, the maximum solid 
temperature is generally 10 to 20 K higher than the maximum gas 
temperature depending on time and location.  

 
Details of the model as well as the numerical implementation 
appear in a manuscript submitted to Journal of Applied Analytical 
Pyrolysis and in another manuscript to be submitted to Combustion 
and Flame.  
 
NUMERICAL IMPLEMENTATION 
 
The geometry of the calculation domain is shown in Figure 1.  A 
cylindrical axisymmetric fuel rod is assumed. A non-uniform 
structured mesh of 82x22 control volumes is used in the x and r 
directions respectively. The computational domain is set to be a 
porous zone in Fluent parlance.  
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 CONCLUSIONS 

  
Smoldering combustion of a cylindrical porous rod has been 
computed using Fluent 4.5. A variety of models have been 
incorporated for pyrolysis and oxidation as well as for heat transfer 
in porous media, including a two-temperature model for thermal 
non-equilibrium between gas and solid. Predictions of temperature 
and species concentration have been made. The results establish 
that the overall physics of the smoldering process is captured by 
the simulation, and the actual values of the gas and solid 
temperatures and the rate of burn are in reasonable agreement with 
the experimental data. The accuracy of the results depends strongly 
on a number of empirical parameters. The most significant 
parameters are the lateral mass transfer boundary condition for 
oxygen. The effects of these parameters are being studied and will 
be reported later. The numerics have proved to be stable and 
convergent and allow us to do computations with relative ease.   
Though the effort has been successful in capturing the broad 
features of smoldering, as discussed above a number of 
improvements to the current model needs to be made.  
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Figure 3. Oxygen Concentration Contours at 153 s after Initiation 
of Smoldering. 
 

 
 
 
 
 
 

 
 
 
 
 
 
 
 
 
 
 
 
Figure 4. Effects of Heat Dissipation on Smoldering 
Velocity and Peak Temperature 
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Introduction 

Commercial fuels are typically hydrocarbon mixtures that 
contain tens to hundreds of components [1].  The many chemical 
compounds found in gasoline fuels range from light ends, such as 
propane and butane, to heavy ends that boil at temperatures above 
450 K.  The wide range of compounds in fuel lead to it boiling and 
evaporating over a range of temperatures. 

Vehicle performance depends in part on the fuel used.  For 
example, the range of vaporization temperatures has been correlated 
with an empirical "drivability" parameter, which roughly describes 
how well a vehicle drives when using a particular fuel.  It is thus 
desirable for engine and vehicle models to have clear mechanisms for 
incorporating differences among many different fuels.  However, 
incorporating complete chemical detail into large-scale engine 
models becomes intractable for a fuel that contains hundreds of 
species.  Fuels with only 5–10 components must be used instead. 

Fuel volatility is typically measured using the ASTM D86 
procedure [2].  In this test, 100 mL of fuel are heated.  Fuel vapors 
are collected via a condenser, and enough heat is applied such that 4 
mL of fuel condensate is collected each minute.  The result of the 
measurement is data for the fuel vapor temperature as a function of 
the percent of fuel evaporated.    The shape of the resulting plot—the 
so-called "D86 curve"—is a characteristic of any particular fuel.  In 
practice, the composition of a commercial fuel varies to some extent 
from batch to batch, leading to slight changes in the D86 curve.  In 
this sense, the D86 curve is not a true physical property; instead it is 
a mixture property tunable to meet prescribed specifications. 

In previous work, we developed a computer model that predicts 
the D86 curve for a fuel, given the identity of each fuel component 
and its concentration [3].  In this work, we have used that model to 
develop model hydrocarbon mixtures whose compositions, vapor 
pressures, and distillation properties resemble those of two real fuels.  
These mixtures are both simple enough to use in analytical engine 
models and complicated enough to use in interpreting measurements 
of fuel volatility, fuel evaporation, and fuel permeation.  Their 
research octane numbers also allow them to be used in an engine. 
Modeling Approach 

Two fuels were modeled in this study.  Certification fuel 
(sometimes called indolene, a trademark of BP) is used in vehicle 
emissions certification tests, making this fuel important to include in 
engine models.  The second fuel is an oxygenated fuel, included to 
illustrate the level of physicochemical nonideality that can arise. 

The compounds to use in the model fuels were chosen using a 
variety of criteria.  Beginning with a speciation of certification fuel, 
eight compounds were selected to span the range of boiling points 
found in the real fuel.  Their molecular architecture (straight vs 
branched vs cyclic, alkane vs aromatic) and molecular weight were 
chosen to span the range found in a PIANO (paraffin, isoparaffin, 
aromatic, naphthenic, olefin) analysis of the same fuel.  Ethanol was 
added to the component list for the oxygenated fuel. 

The model requires several parameters for each component in 
the fuel, such as critical properties, solubility parameter, ideal gas 
heat capacity, and vapor pressure.  We used correlations to estimate 

other required properties.  Instrument-related model parameters were 
determined by matching the predicted D86 curve to experimental 
results for a 7-component synthetic fuel available at Ford.  All the 
molecular and instrument parameters are described in detail in our 
previous work [3].  We modeled the fugacity of each component in 
each phase using either an ideal or nonideal approach.  An ideal 
solution and vapor approach has the advantage that each component's 
volatility depends only on its concentration and pure-component 
properties; its volatility is independent of the identity and relative 
concentrations of all other compounds.  Nonideal behavior was 
represented using vapor-phase fugacity coefficients, calculated via 
critical-property-based correlations [4], and liquid-phase activity 
coefficients, calculated using the group-contribution-based UNIFAC 
model [5,6].  The nonideal phase behavior approach is more realistic 
from a chemical viewpoint but leads to the volatility of each 
component being a function of temperature and of the concentration 
of all species in the same phase.  For a fuel of known composition, 
predictions using a fully nonideal approach would be most likely to 
agree with experimental results. 
Results and Discussion 

The ultimate results from running our calculations are 
compositions of model fuels with volatilities representative of those 
of real fuel mixtures.  These compositions depend on the fuel of 
interest, since different fuels have different volatilities, and on 
whether an ideal or nonideal approach is used for the phase 
equilibrium.  Table 1 contains recommended compositions for use in 
ideal solution-based models.  Each model fuel is made up of 7 or 8 
compounds.  These compositions, as shown in the figures below, are 
predicted to vaporize within an ideal model in very similar ways to 
how real fuel vaporizes in a real experiment.  However, if the 
volatility of a mixture with a listed fuel composition was measured in 
a lab, the measured D86 curve is not expected to agree with the 
experimental D86 curve for the corresponding fuel.  This 
disagreement would occur because no mixture of fuel components 
would behave exactly like an ideal solution in equilibrium with an 
ideal gas mixture. 
Table 1.  Amounts of Each Component in Model Fuels for Use in 

Ideal Liquid and Vapor Models. 
Fuel nC4 iC5 EtOH nC6 iC8 nC8 tola 124-

TMBb 
nC13 

Certifi-
cation 

4 16  2.5 32  25.5 18 2 

Oxygen-
ated 

6 34 5 10  11 20 12 2 

Compound descriptions: (a) toluene, (b) 1,2,4-trimethylbenzene 
Table 2 contains model fuel compositions recommended for use 

in nonideal solution models or in experimental applications in which 
a simplified fuel of fewer than 10 compounds is required.  We expect 
that the fuel volatility of these mixtures, if mixed in the lab and 
measured experimentally, would show reasonably good agreement 
with the experimental D86 curve for their corresponding fuels.  The 
predicted D86 curves are in excellent agreement with the 
experimental curves for the corresponding fuels, as shown below. 

The experimental D86 curve and predictions from the ideal and 
nonideal models for certification fuel are shown in Figure 1.  
Experimental results are indicated by squares and circles.  
Throughout the measurement, the vaporization temperature increases 
with respect to the volume fraction distilled.  Below 40 volume % 
distilled, there is slight disagreement of order 6°C between the two 
data sets.  At 80 vol%, the vapor temperature begins to increase at a 
faster rate relative to the vaporization, causing a kink in the D86 
curve.  Our model predictions, calculated using a nonideal or ideal 
model, are shown by the dashed and solid lines, respectively.  At low 
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vol%, the model results pass between the two data sets.  At higher 
vol%, they are in good agreement with both sets and follow the kink 
at 80 vol%.  The model fuel compositions from both approaches are 
close to one another, indicating near-ideal behavior. 

Lines with filled points indicate mass fractions for model fuel 
components remaining in the liquid phase, using the nonideal model.  
These compositions provide an estimate of the composition that 
remains after partial evaporation (useful from the perspective of fuel 
handling).  At low to moderate vol% distilled, the concentrations of 
n-butane, isopentane, and n-hexane decrease.  Their disappearance is 
followed by increases and then decreases in isooctane, toluene, and 
1,2,4-trimethylbenzene concentrations.  The peaks indicate that 
isooctane, for example, is a larger fraction of the continuously 
decreasing amount of liquid in the flask.  The kink in the D86 curve 
is predicted to occur when the toluene concentration approaches zero.  
In this model fuel, the kink occurs because there is a 60°C difference 
in boiling point between toluene and 1,2,4-trimethylbenzene.  For 
real certification fuel, this suggests that few compounds are present 
with boiling temperatures between 111 and 170°C. 
Table 2.  Amounts of Each Component in Model Fuels for Use in 
Nonideal Liquid and Vapor Models or in Experiments Using Fuel 

Mixtures that Mimic Real Fuels. 
Fuel nC4 iC5 EtOH C6 iC8 nC8 Tol 124-

TMB 
nC13 

Certifi-
cation 

5 13  3a 31  27 19 2 

Oxygen-
ated 

5.25 23.75 13 10b  10 24 12 2 

a) n-hexane, b) cyclohexane 
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Figure 1.  Distillation curve for real certification fuel and predictions 
using the D86 fuel distillation model.  Model fuel compositions are 
based on ideal (straight line) and nonideal (dashed line) phase 
behavior.  Dashed lines below the D86 data indicate the mass 
fractions of nC4 (circles), iC5 (squares), nC6 (diamonds), iC8 (up 
triangles), toluene (left triangles), 124-trimethylbenzene (down 
triangles), and nC13 (right triangles) in the undistilled fuel. 

Figure 2 indicates the corresponding results for the oxygenated 
fuel.  We find qualitatively similar results for this fuel.  Here the kink 
(at 60 vol%) is due to the disappearance of ethanol, which is very 
nonideal (activity coefficient near 4).  The nonideal solution model 
can capture this kink well.  Our ideal solution model is tuned to 
follow the approximate curvature, but it deviates from the real fuel in 
two ways.  First, no kink is present, because the fuel compounds are 
too close to one another in boiling point.  Second, the required 
concentrations are significantly different from those in the real fuel.  

This is especially seen for ethanol: only 5% is optimal for the ideal 
model, compared to 13% in the nonideal model (and in the real fuel). 
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Figure 2.  Distillation curve for oxygenated fuel and predictions 
using the D86 fuel distillation model.  Model fuel compositions are 
based on ideal and nonideal phase behavior.  Dashed lines below the 
D86 data indicate the mass fractions.  Labels are the same as in 
Figure 1, with ethanol indicated by a plus (+). 

The compounds used in this work do not represent the full 
spectrum of compounds found in a real fuel.  For some compounds 
(typically n-butane and isopentane), the concentration in a model fuel 
is near the amount found in real fuel.  This is because there are few 
compounds of comparable size and boiling point.  For other 
compounds (isooctane, 1,2,4-trimethylbenzene, decane, tridecane), 
there is a significantly larger mass fraction in the model fuel than in a 
real fuel.  This is because a single compound in the model fuel 
vaporizes in place of several compounds with similar structures and 
boiling points.  For example, isooctane (2,2,4-trimethylpentane) 
represents other trimethylpentanes, assorted dimethylhexanes, and 
methylheptanes.  It also represents compounds of similar molecular 
weight, such as dimethylpentanes and trimethylhexanes. 
Conclusions 

A macroscopic model of the D86 fuel distillation process can be 
used to create model fuels that display volatilities that equal those of 
real fuels used in vehicle testing and operation.  Using less than 10 
components in the mixture, it is possible to reproduce the entire 
distillation curve.  Results are presented here for two fuels: a 
certification fuel and an oxygenated fuel.  For the certification fuel, 
similar model fuel compositions result from using nonideal or ideal 
thermodynamics.  For the oxygenated fuel, these approaches lead to 
qualitatively different fuel compositions and distillation curves.  The 
resulting compositions can be used in engine models or in studies of 
fuel volatility, evaporation, or permeation. 
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Introduction 

Numerous growth and permeation studies of nanoporous films 
have led to their attractiveness for application in separating gas 
mixtures with permselectivities approaching unprecedented 
subnanometer molecular resolution.  The understanding and ability 
required for predicting macroscopic transport characteristics for 
diffusion of interacting molecular species through the complex lattices 
of these nanoporous inorganic membranes is key to the ultimate 
development of both traditional applications of this technology such as 
integrated reaction and separations devices, and more novel ones, 
such as substrates for growth of nanowires and chemical sensors.   

Molecular simulations, specifically molecular dynamics and 
Monte Carlo algorithms, have emerged in the past few decades as 
preeminent computational tools for science and engineering research.  
Despite their widespread use and unprecedented insights into 
microscopic dynamics, such molecular simulations are 
computationally limited to short length and time scales, while 
inorganic membranes, such as zeolite films, invoke much larger scales 
(e.g., [1]) by way of macroscopic heterogeneities and imposed 
gradients.   

On the opposite end of the modeling spectrum, continuum, 
Maxwell-Stefan models have been proposed in attempts to describe 
experimentally observed diffusion behavior.  While these models have 
proven beneficial in fitting single and multi-component diffusion data, 
their phenomenological derivation does not capture the underlying 
microscopic diffusion dynamics and restricts their applicability to 
unrealistically simple diffusion lattices.  Consequently, their accuracy 
as a priori predictive models is severely limited.   

A major obstacle in addressing this multiscale modeling challenge 
is the lack of a rigorous mathematical and computational framework 
directly linking atomistic simulations and scales to complex 
mesoscopic and macroscopic phenomena dictated by microscopic 
intermolecular forces and material microstructure.  A new 
mathematical framework has been introduced and validated through 
comparison with gradient Monte Carlo simulations, for modeling 
diffusion of interacting species in nanoporous materials over large 
length scales while retaining molecular scale information typically 
captured only by molecular simulations 2, 3.  
 
Physical System and Microscopic Dynamics 

Nanoporous membrane systems under imposed macroscopic 
gradients in concentration are the focus of this modeling work.  In 
particular diffusion through inorganic membranes such as MFI and 
Faujasite zeolites is modeled.  The mesoscopic framework is derived 
for systems characterized by intermolecular interactions between the 
adsorbed molecules (guests) and adsorbent (host) as well as between 
adsorbates (guest-guest interactions).  Such diffusion systems are 
characterized by activation energies of duffusion that exceed the 
thermal energy of the system.  As a result, diffusing molecules spend a 
significant amount of time at binding sites along the length of the 
pore, resulting in an activated hopping, or configurational diffusion 

mechanism.  Fickian constitutive relations are rendered inadequate in 
this diffusion regime, the modeling of which is complicated by 
macroscopic gradients and material heterogeneities.  An Arrhenius 
formalism is applied in this work to describe the microscopic diffusion 
dynamics of these systems.  Such a mechanism4 is characterized by an 
activation energy for diffusion depending only upon the energy of the 
departing site.  
 
Validation of Mesoscopic Framework 

Features of the mesoscopic framework. This new mathematical 
framework proposed to link microsopic properties to macroscopic 
diffusion phenomena, entails the use of newly developed mesoscopic 
equations derived rigorously from underlying master equations by 
coarse-graining statistical mechanics techniques in the case that 
diffusion occurs by a hopping mechanism.  As a result of its 
fundamental derivation, the framework preserves microscopic 
dynamics.  It has been shown mathematically that these equations are 
exact in the limit of long-range intermolecular interactions2.  
Furthermore, the coarse-grained continuum form of this framework 
results in the ultimate computational tractability for systems of 
realistic length and time scales through application of continuum 
numerical solution methods. 

Steady state comparison to G-CTMC solutions. The validity 
of the mesoscopic model was first assessed in the microscopic limit 
for steady state behavior by comparing its solution to the 
corresponding solution obtained from Gradient-Continuous Time 
Monte Carlo (G-CTMC) simulations.  Excellent agreement between 
the mesoscopic and MC steady state concentration profiles is depicted 
in Figure1(a) for longer-range potentials.  
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Figure 1.  (a) Concentration profiles for Arrhenius dynamics obtained 
in 1D from MC (solid lines) and mesoscopic framework (dotted lines) 
using a piecewise constant interaction potential, with βw = 4 
(attractive interaction strength) and different values of the interaction 
range, lp.  Note that the profiles have been shifted upward on the 
loading axis for the purpose of clarity. (b) Ratio of fluxes versus the 
potential range lp.   
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Interestingly, the deviations seen in the predicted concentration 
profiles in Figure 1(a) for short-range potentials are not reflected in 
the predicted flux, Figure 1(b).  Similar validation of the mesoscopic 
solution was observed for systems with repulsive interactions, where 
the agreement between the G-CTMC and mesoscopic solutions is 
closer than the attractive case even for short potential lengths.  It is 
important to note that all deviations between the mesoscopic and G-
CTMC fluxes are smaller than those reported from one membrane to 
another in experiments, consequently suggesting the capability of 
mesoscopic models to accurately predict macroscopic permeation 
properties such as fluxes.   

As seen in Figure 1, the concentration profiles for these systems, 
characterized by intermolecular interactions, are highly non-Fickian.  
That is, the profiles are highly non-linear.  More dramatically, 
however, is the strong influence that interactions have upon the flux as 
depicted in Figure 2.   
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Figure 2.  Steady-state fluxes versus potential strength in 1D for a 
piecewise constant potential with an interaction length of lp=20. 
 

As expected, repulsive interactions (negative w) greatly enhance 
the flux due to a reduction in activation energy of hopping, and 
attractive interactions (positive w) significantly inhibit diffusion due to 
an increase in the hopping activation energy caused by adsorbate-
adsorbate interactions. 

This drastic influence of intermolecular interactions upon the 
steady state flux further motivates development of the fundamentally 
derived mesoscopic framework to preserve the underlying 
microscopics while providing insight into macroscopic permeation 
properties at realistic length and time scales.  

 
Extension of the Mesoscopic Framework  

Multi-component diffusion. The extension of this mesoscopic 
framework to account for multi-component diffusion is shown in this 
work, focusing on mixtures of cyclohexane and benzene in faujasite 
through comparison to recently published multicomponent data1.  
Validation of the binary mesoscopic framework will be shown on the 
microscopic scale through comparison with multi-component G-
CTMC simulation results.  

Complex zeolite lattices. This rigorously derived mesoscopic 
framework allows for further extension of the mesoscopic models to 
account for complex zeolite lattice structures (e.g., MFI, Faujasite) 
defined by a variety of active sites available for diffusion, each 
uniquely contributing to the system energetics.  We show here that the 
geometry and orientation of the pores of these three-dimensional 
materials strongly influence the ultimate membrane permeation 

characteristics and, consequently, begin to develop critical relations 
between microscopic properties and macroscopic diffusion 
phenomena within nanoporous membranes. 
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Introduction 

Given the range of operating conditions lubricants are subjected to 
in practical applications (for example, in an automobile engine) a 
lubricant is often required to be effective over a wide range of 
temperature, speeds, and loads. Hence, a consideration of not only the 
viscosity, but also the viscosity-temperature and viscosity-pressure 
behaviour is needed to determine if a fluid would make a good 
lubricant component for a particular application.  For example, it is 
essential that a lubricant retain a sufficiently high viscosity at normal 
operating temperatures (e.g., temperatures up to 100°C in the case of 
an automobile engine), whilst not being excessively high at the lowest 
temperatures (e.g., a cold start).  The ideal lubricant would be one 
whose viscosity was minimally affected by the range of operating 
temperatures and pressures encountered.  In reality, viscosity changes 
substantially with both temperature and pressure, though the extent of 
change depends on the chemistry and architecture of the lubricant 
molecules.  Certain general trends in the structure–property 
relationships of hydrocarbon molecules are well known, for example 
while linear alkanes have very favourable viscosity-temperature 
behaviour they are solids at room temperature and so usually removed 
from the basestock during refining to improve the low temperature 
performance.  By contrast, branched alkanes have a lower melting 
point, making them more suitable as lubricants, but have poorer 
viscosity-temperature behaviour.  Hence obtaining the right balance is 
an important consideration.   

Much of what is known about the physical properties of 
hydrocarbons is based on API Research Project 42 [1], a database of 
physical properties for pure hydrocarbons.  Although API 42 contains 
some 273 entries, less than a quarter are in the C20–C40 mass range, 
representing a minuscule fraction of the total number of possible 
structural isomers.  Furthermore, very little experimental data is 
available in the literature on the high-pressure rheological properties 
of hydrocarbons, especially in the mass range of interest.  The most 
comprehensive experimental study of the viscosity of lubricants to 
high pressures was undertaken at Harvard University [2] in the late 
1940s, though more recently Bair and co-workers have measured the 
pressure-viscosity behaviour of liquid lubricants to pressures in the 
GPa range [3-4].  Hence, in order to provide a more complete 
datebase and obtain a clearer understanding of the influence of 
molecular architecture on viscous behaviour further experimentation is 
needed, though it is both costly and time consuming, especially at the 
severe conditions commonly found in engines and other machinery 
(e.g. film thickness < 1 micrometer, shear rates > 107 s-1, pressure 
approximately = 109 Pa) which are extremely difficult to study 
experimentally. 

 
Method 

Over the last decade, with the exponential increase in computing 
power simulation techniques are proving to be an attractive and 
valuable means with which to “fill in the gaps” in the experimental 
data and obtain important structure-property information for lubricant 
basestocks.  Using the non-equilibrium molecular dynamics (NEMD) 
technique, which is particularly suited to studying dynamic behaviour, 
there have been a number of simulation studies reported in the 
literature on the rheological properties of industrially important 
molecules [5]. For hydrocarbons, early work was limited to short, 
mainly linear molecules.  However, with the recent advances in 
algorithms and the development of more realistic models it is now 
possible to perform simulations of more complex systems and more 
recently longer chains and branched molecules have been examined. 
 
Results and Discussion 

We present the results of non-equilibrium molecular dynamics 
simulations of alkanes in the C20-C40 mass range, as this mass range 
form main constituents of lubricant basestocks, and hence their 
rheological properties are of great concern in industrial lubricant 
applications.  The united atom model of Siepmann et al. [6] and 
Mondello and Grest [7], which has been shown to be successful in 
similar work, is used to describe the alkane molecules.  From NEMD 
simulations at giga-pascal pressures and over a range of state 
conditions for each molecule studied we determine the strain rate 
dependant viscosity and the pressure-viscosity coefficient [8].  We 
show that the simulation results obey corresponding states behavior as 
seen in the rheology of polymer melts [9].  

 
State Point Temperature/K Pressure/ 

GPa 
Density/ 

gcm-3 

A 310.93 1.01E-04 0.791 

B 372.04 1.01E-04 0.751 

C 372.04 0.682 0.943 

D 372.04 0.829 0.964 

E 372.04 0.958 0.980 

Table 1. State points studied for 9-octylheptadecane. 
Through the generation of a “master curve”, as illustrated in Figure 1 
for 9-octylheptadecane at the state conditions given in Table 1, this 
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yields the capability of quickly and efficiently predicting the 
Newtonian viscosity of lubricant components.  Additionally, using low 
temperature shear-thinning viscosity measurements at GPa pressures, 
for the first time we demonstrate consistency between simulation and 
experiment in the Newtonian and non- Newtonian regimes [10].  
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Introduction 

Supported nanoclusters play a major role in many physical and 
chemical processes, such as those in heterogeneous catalysis and in 
the fabrication of nanostructured materials tailored to specific 
technological applications, e.g., micro and nanoelectronics, 
optoelectronics, and magnetic devices.  Physical and electronic 
properties of metal nanoclusters deposited on various substrates have 
recently received a great deal of attention. 1   In particular, carbon-
supported platinum particles are commonly used as catalytic materials 
in gas and liquid reactions. 2-4   Due to the high cost of platinum, many 
efforts are directed to optimizing its catalytic performance, which in 
turn requires a substantial understanding of the catalyst/substrate 
interactions,5 and of the relationships between size, shape, and activity 
of the nanocatalysts 6,7  To minimize costs, alternative bi- and tri-
metallic catalysts are proposed for several catalytic processes.  In 
these cases, the mixing of the different elements on the surface of the 
nanoparticle gives rise to unexpected electronic and physical effects.   

 
 
Computational methods   

We use molecular dynamics (MD) simulations to compute the 
time evolution of a system consisting of a metal cluster of 
nanodimensions either in vacuum or deposited on a graphite substrate.  
The metal-metal interactions are treated within the Sutton-Chen 
potential model,8 whereas the metal-graphite interactions are 
described by a Lennard-Jones potential.  Details of the computational 
methods are given in a previous study. 9 

Heating and cooling curves are determined for each nanocluster   
and the melting temperature is obtained by the transition observed in 
the potential energy curve versus temperature.  The melting/freezing 
characteristics are obtained for different cluster sizes and shapes. 

Bimetallic systems are studied using a combination of Monte 
Carlo (MC) and MD methods.   The MC technique is used to obtain 
the equilibrium atomic distribution on a bimetallic cluster of a given 
shape and size.10,11 This equilibrium distribution is used as input to 
MD simulations where the dynamics of the system is investigated. 
 
Results and Discussion 
Figure 1 shows the variation of the potential energy for the 256-atom 
cube-shaped Pt cluster.  In the heating process (squares), there is a 
clear energy jump in the temperature range from 1000 to 1100 K, this 
is due to the melting transition, note that the cluster melting 
temperature is much lower than that of bulk Pt metal (2041.15 K as 
determined experimentally). 12 The second set of data in Figure 1a 
corresponds to the cooling curve  (circles), where the temperature is 
lowered starting from 1800 K down to 300 K.  The system also shows 
a sharp liquid-solid transition, the freezing temperature, at T between 
1000 and 900 K.   The same time step was used for heating and 
cooling processes.  Note that the portion of the curves corresponding 
to T  > 1000 K are coincident for the cooling and heating processes, 
whereas for the portion below the melting temperature the potential 
energy is higher for the heating than for the cooling process.  This 
indicates that the annealing process can easily find the lowest energy 
state for a given temperature, whereas during the heating process the 
system gets trapped in metastable states.  Eventually, for simulation 
times sufficiently long, both curves should also agree at T < Tmelting.   

Similar phenomena have been observed in simulations of unsupported 
gold nanoclusters.13  Another interesting behavior is observed also in 
the heating curve (Figure 2a), where the potential energy decreases 
from its value at 600 K to a lower value at 700 K and then increases 
again when T reaches 800 K.  At 600 K, the cluster changes shape 
due to surface melting and surface atomic diffusion, adopting a semi-
spherical shape. This change has also been observed in the experiment 
using high-resolution transmission electron microscopy, 14 and it is 
attributed to a structural solid-solid transition. 
 

The melting behavior depends on the shape and size of the cluster. A 
spherical cluster constructed by carving the surface of a fcc cluster 
and deposited on the static surface of graphite is also studied. The 
potential energy for the 260-atom ball-shaped cluster is displayed in 
Figure 1b for the heating and cooling processes.  Upon heating, the 
ball cluster also undergoes a solid-liquid jump in the temperature 
range from 1000 to 1100 K (squares), although the slope of the 
heating curve changes again at 1200 K.  Practically no hysteresis is 
found between the heating and cooling curves at the liquid-solid 
transition for the ball-shaped cluster, as opposed to the case of the 
cubic cluster.   This suggests that hysteresis loops may be more likely 
to be found in local minimum structures.  The ball-shaped cluster also 
exhibits a behavior similar as that calculated for  
the cubic cluster at a temperature right below the melting transition, at 
T between 800 and 900 K, where the potential energy changes to a 
lower energy state presumably due to a solid-solid transition. 13  We 
suggest that the clusters undergo surface melting and surface atomic 
diffusion to form a lower energy structure before melting, as discussed 
in more detail below.  Upon cooling, as in the case of the cubic 
cluster, the potential energy (circles) in the liquid range approaches 
values close to those of the heating process, whereas it reaches lower 
values in the solid region.  
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Figure 1.  Calculated potential energy (Ep) variation, in KeV, for the heating 
(squares) and cooling (circles) curves. (a) Cube-shaped cluster. (b) Ball-shaped 
cluster.  
 
 
Conclusions 

The melting transition for a 256-atom Pt cluster of cubic shape 
deposited on a static graphite substrate is found in the range between 
1000 and 1100 K, and the freezing temperature between 900 and 
1000 K.  At 600 K the cubic cluster starts experiencing a structural 
transformation, which is evidenced at 700 K by an increase in the 
interlayer separations from 1.83 to 2.13 �� WKH� RXWHUPRVW� VXUIDFH�
layers melt, and their atoms migrate to the layers closer to the 
substrate, a temperature-induced wetting phenomenon.  At 
temperatures higher than 1000 K, melting takes place.    

Results on bimetallic systems will be presented at the meeting. 
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Introduction 
      The adsorption of CO molecules on transition metal surfaces is 
one of the most widely studied problems in surface chemistry. CO is 
an important industrial gas. For example, mixtures of CO and H2 
(syngas) are used as precursors to liquid fuels and also to hydrogen 
fuels. Adsorption and desorption of CO on metal surfaces can lead to 
a range of desirable and undesirable chemical reactions. For example, 
contact between CO and Ni can corrode the solid phase nickel with 
the formation of gaseous nickel carbonyl. In the same system, 
adsorbed CO can dissociate to form carbonaceous surface species. 
This latter reaction is a serious problem in reforming applications 
where Ni is used as a catalyst. Many experimental and some 
theoretical studies have been performed to characterize and 
understand the CO interaction on Ni surfaces.1,2  Despite this effort, 
there are a number of open problems and controversial issues 
concerning not only  the preferred adsorption site, the structure of the 
CO layer at low and high coverages but also the nature of CO bond 
on these surfaces.3-5 There is consensus however regarding the fact 
that steps and other surface defects are considerably more reactive 
than atomically flat surfaces.  

In the present work we have examined the adsorption of CO on 
Ni(110) and Ni(210) surfaces using first principles density functional 
theory. Ni(110) is the least coordinated atomically flat Miller index 
surface and Ni(210) is characterized by a series of atomically straight 
step edges with (100) and (110) coordinations on either side of the 
step edge. CO adsorption at three sites, top, bridge and hollow is 
investigated. The purpose of this work is to gain insight into the 
preferred adsorption site for CO that can be then used in 
understanding the surface reactions available to CO on Ni surfaces. 
 
Computational Method  

Our density functional theory calculations are performed using 
the VASP (Vienna Ab initio simulation package) code6-8 which is 
based on the Kohn-Sham density functional theory (DFT) 
formulation.9 The electron-ion interactions are described by ultra soft 
pseudopotentials and exchange correlation energies are calculated 
with the generalized gradient approximation (GGA) as parameterized 
by Perdew and Wang.10 A spin polarized computational scheme is 
employed since Ni is ferromagnetic. The bulk lattice constant of Ni 
was calculated to be 3.53 Å, in good agreement with experimental 
data.11 The bond length of a gaseous CO molecule was calculated to 
be 1.15 Å, agreeing well with the calculations of Norskov et. al. 12   
        The calculated bulk lattice constant was used to define the 
Ni(110) and Ni(210) surfaces. A (1x1) surface unit cell was chosen to 
minimize the number of atoms in the calculations and the surfaces 
were modeled by a slab consisting of five layers. The bottom two 
layers of the slab were held fixed allowing the top three layers to 
relax. CO was adsorbed on the topmost surface layer. We also 
performed these calculations with slabs consisting of three layers to 
check the minimum number of layers required for accurate results. In 

the three layer calculations the bottom layer was held fixed and the 
top two layers were allowed to relax.  In the fully optimized five layer 
and three layer calculations good agreement is seen in the general 
trends observed in the interlayer separations as well as the percentage 
of contraction observed in the topmost layer. In each case, CO 
coverages corresponding to 1 molecule per surface atom were 
examined. The vacuum between the slabs when adsorbates are 
included is greater than 11 Å, large enough to ensure no significant 
interaction between the slabs. 

        The Brillouin zone of the surface unit cells was sampled with 
5x5x1 Monkhorst-Pack mesh.  An energy cutoff of 396.0 eV was 
used for the bare Ni surface as well as CO adsorbates on Ni surfaces. 
Full geometry optimizations were performed with the symmetry 
constraint using the conjugate gradient minimization scheme for 
systems consisting of less than 20 atoms and the quasi-Newton 
minimization scheme for systems consisting of more than 20 atoms. 
These two minimization methods were used solely for reasons of 
numerical efficiency. Calculations without the symmetry constraint for 
the atop and bridge sites on Ni(110) yielded equivalent results. The 
adsorption energy in each case is calculated according to the following 
equation Eads = ECO + ENi  slab – ECO/Ni  slab, where ECO is the total 
energy of an isolated CO molecule, ENi  slab is the total energy of the 
bare Ni(110) or Ni(210) surface and ECO/Ni  slab is the total energy of 
the adsorbate on slab system. A positive Eads corresponds to a stable 
adsorbate/slab system. The same Brillouin-zone sampling and energy 
cutoff were used in calculating the energies of the bare slab and 
adsorbate on slab system. 
 
Results and Discussion 
         We have performed geometry optimizations for CO adsorbed at 
top, bridge and hollow site for Ni(110) and Ni(210) surfaces. These 
calculations were performed with both five layer surfaces and three 
layer surfaces. During these calculations all the atoms are allowed to 
relax completely except for the atoms in the fixed layers. In all the 
cases CO bonds to the surfaces via the C atom.  

 
 

               
              (a)                                   (b)                                 (c)                 
 
Figure 1.  Adsorbate sites on Ni(110) surfaces. (a) top site, (b) bridge 
site and (c) hollow site. 
 
  

The top view of the three adsorbate sites: top, short bridge 
(henceforth referred to as bridge) and four-fold hollow site for 
Ni(110) surface is shown in Figure 1.  There is an additional 
adsorption site on Ni(110) surfaces, the long bridge site for which we 
have not reported any calculations in this work. The small light 
spheres correspond to the CO molecule and the large dark spheres 
correspond to the Ni(110) surface. Examining the energetics of the 
bare surface and the adsorbate on the Ni(110) surface, we observe 
that the net magnetic moment of  the surface is slightly reduced in the 
presence of CO. The interlayer separations in the completely 
optimized five layer and three layer calculations agree with respect to 
the general trends observed as well as the percentage of contraction 
seen in the topmost layer.  
      Table 1 lists the adsorption energies at these three sites on 
Ni(110) and Ni(210) surfaces.  The top site calculation was performed 
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with both five layer and three layer slabs. As can be seen, the 
agreement in the adsorption energy between these two calculations is 
very good.  The distance between the Ni-C and C-O atoms also shows 
excellent agreement. Comparing the adsorption energies at the three 
sites, we observe that the bridge site is the most stable and the four-
fold hollow site is the least stable. This trend in the adsorption 
energies and bond lengths of CO/Ni(110) is in agreement with that 
observed by Jenkins et al.13 At the top and bridge site the C-O bond 
length is unchanged from its gas phase value but at the hollow site the 
C-O bond length has stretched by 1.8%. Our Ni-C and C-O bond 
lengths are again in good agreement with the spin polarized results of 
Jenkins et al.13 Experimental investigation of CO adsorption on 
Ni(110) above atmospheric pressure14 using x-ray diffraction 
measurements show that  CO forms a (2x1) structure consisting of 
ordered zigzag arrangement of tilted molecules on short-bridge sites 
of the substrate with the Ni-C and C-O bond lengths to be 1.83 Å and 
1.21 Å respectively.  King et. al. have measured the calorimetric heat 
of adsorption of CO on single crystal Ni(110) surfaces at 0.12 
monolayer (ML) to be 1.38 eV. 15              
            

 
Table 1.  The adsorption energies, Ni-C and C-O bond lengths at 
the three sites for the 5 layer and 3 layer calculations on Ni(110) 

and Ni(210) surfaces.   
 
 Site # of 

layers 
Eads  
(eV) 

Ni-C  
Å 

C-O  
Å 

CO/Ni(110) top 5 1.147 1.774 1.158 
CO/Ni(110)   top 3 1.150 1.772 1.157 
CO/Ni(110) bridge 5 1.579 1.883 1.170 
CO/Ni(110) hollow 5 0.954 1.878 1.203 
CO/Ni(210) top 5 1.745 1.764 1.159 
CO/Ni(210) top 3 1.728 1.764 1.159 
CO/Ni(210) bridge 5 1.746 1.762 1.154 
CO/Ni(210) hollow 5 0.097 1.934 1.181 
         
       Our calculations on the Ni(210) surface with  five layer and  three 
layer slabs again agree with regard to the trends in the interlayer 
separations, the percentage contraction of the topmost layer, the 
adsorption energy and the distance between the Ni-C and C-O atoms, 
as seen from Table 1. As observed for CO/Ni(110), the presence of 
CO on Ni(210) slightly reduces the magnetic moment of the surface. 
The adsorption energies on the top and the bridge site are almost 
identical on Ni(210). The C-O bond length is once again unchanged 
from the gas phase value.  The calculated adsorption energies show 
that the four fold hollow site is the least stable as also seen in the case 
of Ni(110) with  the C-O bond length elongated by 3.4%.   
       Unlike Ni(110) there are no experimental or theoretical 
calculations performed to our knowledge on Ni(210) surfaces to 
compare our results with. There are however a wide variety of 
experiments performed on Ni(111) and Ni(100) surfaces. On Ni(100) 
experimental results show that CO is found in either the top or bridge 
site4,16 for coverages < 0.5 ML LEED pattern studies and Extended 
Hückel Molecular Orbital calculations of CO at two fold and three-
fold sites on Ni(111) surfaces3 indicate that the three fold site is 
preferred at low coverages and as coverages increase the two-fold site 
and for higher coverages the top site is preferred for adsorption.  On 
stepped  Ni surfaces,17,18 at low coverages CO is adsorbed in the step 
region and at increased coverages CO starts to adsorb on the terraces. 
CO adsorption on Pd(111) follows the same trend observed in 
Ni(111), however  in Pt(111) at low coverages CO adsorbs at the top 
site and two fold bridge site and at high coverages CO is adsorbed 

exclusively at the top site similar to that seen in Ni(111) and Pd(111) 
surfaces.3   
 
Conclusions and Ongoing Work 

We have used DFT to study the adsorption of CO on flat 
Ni(110) and stepped Ni(210) surfaces. The adsorption energies are 
calculated from spin polarized plane wave calculations. Three 
adsorption sites were examined, namely the top, bridge and hollow 
sites. On both surfaces, the hollow site is found to be the least stable 
and the bridge site is  found to be the most stable. The C-O and Ni-C 
bonds are elongated at the hollow site in comparison with the top site.  
Our calculations on five layer and three layer surfaces show good  
agreement in adsorption energies and bond lengths for both flat and 
stepped surfaces. Thus these surfaces can be successfully modeled 
using only three layers in the slabs. 
       We are currently extending these preliminary studies to look at 
several issues relevant to the chemical reactions available to CO on Ni 
surfaces. Specifically, we are examining the thermochemistry of Ni-
carbonyl formation on atomically flat and stepped Ni surfaces. We are 
also applying DFT with the aim of quantitatively understanding the 
experimental observation that CO dissociates much more readily at 
surface steps and defects than on atomically flat planes.19 
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ABSTRACT 
Hydrocarbon radical reactions with oxygen are important in ignition 
and low temperature oxidation. Thermodynamic properties of 
reactants, products and transition states are determined by ab initio 
methods at the CBS-Q and G2 levels of theory based on the optimized 
geometry using B3LYP/6-31G(d,p) DFT and isodesmic reaction 
analysis.  Rate coefficients for reactions of the energized adducts are 
obtained from canonical transition state theory.  The reaction of an 
alkyl radical with O2 typically forms an energized peroxy adduct with 
a calculated well depth of about 35 kcal/mole. This energized adduct 
can undergo isomerization, dissociate to new products or react back 
to reactants before stabilization. The stabilized adduct can also react 
through these same paths. Reactions of the adduct involve 
intramolecular hydrogen shifts, concerted HO2 molecular elimination, 
and subsequent reactions of the isomers formed include epoxide 
formation. Important product formation pathways involve pathways 
that are lower in energy than the initial reactants. The kinetics of the 
chemically-activated reaction between alkyl radicals and molecular 
oxygen are analyzed using quantum Rice-Ramsperger-Kassel (QRRK) 
theory for k(E) and a master equation analysis for collisional 
deactivation. Temperature and pressure dependent rate coefficients 
for the chemically-activated and the thermal reaction of the adducts 
and isomers are assembled into a mechanism and compared with 
experimental data for several systems. The predictions, using 
unadjusted rate coefficients, are consistent with literature observations 
over extended temperature and pressure ranges. Important new 
kinetic implications for chain branching and low-temperature ignition 
are discussed. 
 
INTRODUCTION 

Reactions of hydrocarbon radicals with molecular oxygen are 
important in atmospheric chemistry as well as in combustion 
processes. This type of elementary reaction is still under active 
investigation. The initially-formed energized peroxy radical has 
multiple reaction possibilities. The C2H5 + O2 reaction represents an 
important model system to explore the kinetic consequences of these 
reactions; it contains many of the complexities of larger systems, yet is 
more amenable to detailed electronic structure calculations. An added 
advantage is that this reaction has been extensively studied 
experimentally. (Kaiser, 1995; Clifford et al., 2000, and references 
therein) There have also been several theoretical analyses of this 
system. Recent high-level ab initio calculations (Rienstra-Kiracofe et 
al., 2000) have characterized a new reaction pathway, concerted 
elimination to directly produce C2H4 and HO2 from the initially-
formed ethylperoxy adduct. This pathway was not considered in 
earlier kinetic analyses of the ethyl + O2 system (Bozzelli et al., 1990; 
Wagner et al., 1990), but was included in a recent study. (Miller et al., 
2000) One important aspect of this system is that most of the reaction 
channels of the energized adduct are higher in energy than the 
entrance channel and the concerted elimination channel is only a few 
kcal/mole lower. Thus, adduct stabilization is likely over an extended 
temperature range. Both Kaiser and Clifford et al. recognized the need 

to consider the kinetic consequences of subsequent thermal 
dissociation of this adduct in analyzing their experimental data. This 
reaction becomes increasingly important at higher temperatures, 
where the dissociation rate coefficient is larger. 

 
METHODS 

We used electronic structure theory to generate most of the input 
parameters needed to analyze this chemically-activated system. We 
wanted to assess whether this approach could accurately predict the 
temperature and pressure dependence of the various reaction 
channels. The potential energy surface was calculated at relatively 
high levels, and the rate coefficients for reactions of the energized 
adducts were obtained from canonical transition state theory (CTST). 
The rate coefficient for initial formation of ethylperoxy was calculated 
using variational transition state theory (VTST). We compared two 
models for collisional deactivation in conjunction with use of QRRK 
theory to estimate k(E). Finally, we incorporated the predictions for 
the individual branching fractions of the energized adducts and those 
for thermal dissociation of the stabilized adducts into a mechanism to 
illustrate where it is necessary to account for thermal dissociation. We 
conclude that this approach, with no adjustments to any of the 
parameters, permits a reasonably accurate description of this system. 
We also explore the kinetic implications of the direct formation of 
ethylene and HO2 from CCOO•. 

 
TABLE 1.  Isodesmic Working Reactions 

Isodesmic Reaction ∆Hf
298 Method  

CH3CH2OOH + CH3OH = CH3CH2OH 
+ CH3OOH 

-39.89 CBS-Q 

CH3CH2OOH + CH3OH = CH3CH2OH 
+ CH3OOH 

-40.06 G2 

CH3CH2OOH + CH3OH = CH3CH2OH 
+ CH3OOH 

-39.96 G2//B3 

   
CH3CH2OO• + CH3OOH = CH3OO• + 

CH3CH2OOH 
-6.72 CBS-Q 

CH3CH2OO• + CH3OOH = CH3OO• + 
CH3CH2OOH 

-6.77 G2 

   
•CH2CH2OOH + CH3OH = 

CH3CH2OOH 
+ C•H2OH 

10.92 CBS-Q 

•CH2CH2OOH + CH3OH = 
CH3CH2OOH 
+ C•H2OH 

10.49 G2 

(Specie Calculated Are In Bold.) kcal/mol  
 
DISCUSSION OF RESULTS 

The calculated apparent rate coefficients for direct formation of 
the major product channels of chemically-activated CCOO•, including 
both the master equation and modified strong collision results, are 
shown in Fig. 2 for P = 1 atm N2. Both models give remarkably 
similar predictions. In this case, the barriers for the major channels are 
reasonably close in energy, and this would be expected to minimize 
the differences between the two deactivation models. The dominant 
reaction up to almost 1000K is formation of the ethylperoxy adduct, 
while the direct formation of ethylene and HO2 from the energized 
adduct dominates above 1000 K. The production of ethylene and HO2 
via the sequential pathway is much less important, due to the higher 
barrier for isomerization. 

At 750K, the ethylene channel decreases with pressure, as 
expected, but the overall predicted pressure effect is quite small. 
Stabilization becomes the dominant channel at higher pressures. The 
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production of the hydroperoxyethyl isomer is much less likely than 
ethylperoxy, reflecting the lower energy pathway from ethylperoxy 
directly to ethylene, which bypasses hydroperoxyethyl. Significant 
differences between the collisional deactivation models only appear at 
very low pressures, with the master equation model showing less 
stabilization. The smaller number of collisions at lower pressures 
enhances the energy-dependent reaction channels. Since the master 
equation model allows multiple deactivation steps prior to “complete” 
deactivation, this increases the probability for reaction with this model 
and thus decreases the stabilization rate coefficient. 

 
Table 2  QRRK Input Parameters 

Reaction A n Ea 
C2H5 + O2 = C2H5OO• 8.82x109 1.12 0.0 

C2H5OO• = C2H5 + O2 2.46x1018 -1.07 35.32 

C2H5OO• = H2C•CH2OOH 7.90x106 1.79 35.82 

H2C•CH2OOH = C2H5OO• 5.89x106 1.04 18.01 

C2H5OO• = CH3CHO + OH 1.32x109 1.37 41.59 

C2H5OO• = C2H4 + HO2 8.80x105 2.24 29.61 

C2H5OO• = CH3CH2O• + O• 2.98x1015 -0.09 61.6 

H2C•CH2OOH = C2H4 + HO2 6.44x1010 0.52 16.18 
H2C•CH2OOH =H2COCH2 + 

OH 6.62x109 0.72 15.41 

C2H5OO• ν1=373 cm-1 (degen=4.13) ν2 = 1256 cm-1 (10.53)
 ν3 = 3053 cm-1 (5.34)  
H2C•CH2OOH:   ν1=289 cm-1 (degen=6.10)  ν2 = 1161 cm-1 (8.16)
 ν3 = 3179 cm-1 (5.23) 
σ = 4.94 Å     ε/k = 450. 
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Fig. 1  Potential energy diagram for the C2H5 +O2 reaction. There are 
the two pathways to C2H4 + HO2. The red line represents the direct 
elimination, while the blue dashed line represents a sequential 
pathway–first isomerization to hydroperoxyethyl, which is followed by 
β-scission 

 
Fig. 3 compares the predictions of the ethylene yield as a 

function of pressure at 298K to that measured by Kaiser. The sharp 
decrease with pressure, due to increased stabilization of the energized 
adduct prior to the concerted elimination, is well predicted with both 
collisional deactivation models. The predictions indicate that virtually 
all of the ethylene is produced via the direct elimination channel, as 
opposed to that produced via isomerization to hydroperoxyethyl 
followed by β-scission.  
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Fig. 2 The predicted effect of temperature upon the apparent rate 
coefficients for the major channels of the chemically-activated reaction 
C2H5+O2, using both the modified strong collision model and a master 
equation model for collisional deactivation. 
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Fig 3.  Comparison of Ethylene Yield at 298K between Kaiser’s 
experimental data with model predictions. 

 
At this low temperature, it is possible to compute to ethylene 

yield directly by taking the ratio of the sum of the predicted rate 
coefficients for “direct”, i.e., chemically-activated, ethylene 
production to the total predicted “direct” rate coefficient. The 
temperature is sufficiently low that any contribution from dissociation 
of the stabilized adduct is insignificant. However, as the temperature 
is increased and the thermal dissociation rate coefficient increases, it is 
necessary to generate a small mechanism to allow comparison to the 
data. The reactions considered includes all the “direct” reactions, as 
well as further reactions of the stabilized adducts formed in the direct 
reactions. Also included are the other reactions used by Kaiser to 
model his data. Since the QRRK rate coefficients are dependent on 
both temperature and pressure, we needed to use different sets of 
coefficients for each set of experimental conditions with different T 
and P. (This is a good example of the utility of using Chebyshev fits 
(Venkatesh et al., 1997) to capture k(T,P) so that one set of rate 
coefficients could be used for all conditions.) 

The importance of the subsequent reactions of the stabilized 
adducts can be seen in Fig. 4, where predictions of the temperature 
dependence of the ethylene yield are compared to Kaiser’s data. At 
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253 K and 373 K, the ethylene yield computed by only considering the 
direct channels is identical to that obtained by numerical integration of 
the complete mechanism. However, at 513K, the direct yield is 
significantly smaller than that obtained by the mechanism. Here the 
temperature is sufficiently high that thermal dissociation of 
ethylperoxy contributes substantially to the overall ethylene yield. 
Predictions based on the overall mechanism are in good agreement 
with Kaiser’s observations. 

In addition to capturing the temperature and pressure 
dependence of the ethylene yield, the predicted rate coefficient for 
overall ethyl decay is also in reasonable agreement with Kaiser’s data. 
There is little difference in the “direct” QRRK result and that obtained 
via numerical integration. For the integration, we used Kaiser’s 
method (comparing the computed consumption of ethane to the 
formation of ethyl chloride) to obtain ktot. This approach lead to 
slightly different values at different times, and the results were 
averaged. The agreement with Kaiser’s data is encouraging. The 
increase in predicted rate coefficient at the lower temperatures reflects 
the temperature dependence of adduct formation rate, while the 
decrease seen in most cases at 460K reflects the onset of falloff. Here 
the apparent rate coefficient decreases as the adduct begins to react 
back to reactants. 
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Fig. 4 Comparison of predicted effect of temperature on the ethylene 
yield to the observations of Kaiser. Points labeled “DIRECT” are 
obtained by taking the ratio of the chemically-activated rate 
coefficients for production of ethylene to the total apparent 
chemically-activated rate coefficient. Points labeled “MECHANISM” 
were calculated from the results of numerically integrating the systems 
of reactions. 

 
We have also used our approach to compare predicted HO2 

yields to those measured in the recent measurements of Clifford et al. 
(2000). Those experiments were done over a wider temperature range 
at lower pressures and lower radical concentrations than Kaiser’s. The 
temporal evolution of HO2 was measured. Biexponential time 
behavior for HO2 formation was observed and attributed to the  
reactions of the stabilized peroxy adduct. These researchers were able 
to extract both a total and a prompt HO2 yield. The prompt yield 
should correspond to that obtained from the QRRK chemical-
activation analysis, while the total yield corresponds to that obtained 
using the mechanism, which accounts for these reactions as well as the 
reactions of the stabilized adduct. Clifford et al. obtained the HO2 
yield by comparing the HO2 signal obtained with ethane to that 
obtained with methanol, where the yield is expected to be unity. This 
was necessitated by the importance of HO2 recombination under the 
experimental conditions. We obtained our predicted yields in an 
analogous manner. We found that the yields were not always constant 

with time, especially at lower temperatures, and the values reported 
represent an average over the time scale of the Clifford et al. 
experiments. We used both collisional deactivation models for our 
comparisons. 

Fig. 5 compares the predicted total HO2 yield as a function of 
temperature to that measured by Clifford et al. Again we obtain 
similar results with both the modified strong collision assumption and 
the master equation, and both sets of predictions agree nicely with the 
observations of Clifford et al. Particularly encouraging was the correct 
prediction of the observed rapid increase above 500K. It is essential to 
include the dissociation of the ethylperoxy adduct at 650K, as can be 
seen by the comparison of the results for direct HO2 production to 
those obtained using the mechanism. Only approximately one-third of 
the overall HO2 yield can be seen to come directly from the energized 
adduct. On the other hand, at 500K virtually all of the yield can be 
attributed to the direct reaction. At this lower temperature, the 
contribution from dissociation of the stabilized adduct is negligible. 
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Fig. 5 Comparison of predicted total yield of HO2 to that observed by 
Clifford et al. 

IMPLICATIONS FOR LOW TEMPERATURE IGNITION 

The conventional approach to describe low-temperature ignition 
kinetics, especially the region of negative temperature coefficient, 
considers the following reactions (Walker et al., 1997): 

R• + O2 ROO•                    (1)

ROOH + R•          (2)ROO•  + RH

R•OOH           (4)ROO•

RO  + HO•        (5)R•OOH

R•OOH + O2 branching         (6)

RO•  + HO•       (3)ROOH

 
(R• is an alkyl radical, RO• is an alkoxy radical and RO is 

generally a cyclic ether. R•OOH is often written as QOOH, but we use 
the R•OOH notation to emphasize the free radical character of this 
species.) If the temperature is sufficiently low that the equilibrium in 
(1) is shifted to the right, the subsequent reactions of RO2 can lead to 
the chain-branching (Rxns. 3 and 6) needed for ignition. However, as 
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the temperature rises, the equilibrium in (1) shifts to the left, reducing 
the RO2 concentration and thus slowing down the overall rate, i.e., 
producing a negative temperature coefficient of reaction rate. 
Particularly noteworthy in this mechanism is the importance of the 
isomerization reaction (Rxn. 4); without this, chain branching via Rxn. 
(6) cannot occur. In ethane oxidation, the newly-identified direct 
pathway for production of ethylene and HO2 from ethylperoxy is 
much faster than Rxn. 4. This competing fast reaction necessarily 
reduces the amount of R•OOH that can be produced via Rxn. 4. Here 
the amount of chain branching via Rxn. 6 will be substantially 
reduced. Although more complex fuels might well have lower barriers 
to isomerization [by having the internal hydrogen transfer via a less 
strained ring (6- vs. 5-member) or by abstracting secondary or tertiary 
hydrogens rather than the primary hydrogens in ethyl], the possibility 
of concerted elimination of HO2 from RO2 in these fuels will generally 
result in formation of less R•OOH, thus reducing the overall branching 
rates. Thus there is a need to revisit these systems to see if new 
branching pathways are needed to accurately describe low-
temperature ignition. 
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Introduction
Dioxygen (O2) dissociation on transition metal

surfaces is of considerable research and practical
interest both because many important industrial
oxidation processes are heterogeneously catalyzed by
transition metals and feature O2 as the oxidizing agent
and because O2 dissociation is the first step toward the
corrosion of various metals.  Different mechanisms
for O2 dissociation have been identified on different
metal surfaces.  In the chemisorbed-precursor
mechanism, the incident O2 molecule initially
chemisorbs intact 1.  Subsequent thermally driven
kinetics determines selectivity between desorption and
dissociation.  On a number of transition metal
surfaces, including Pt(111), Pd(111), Ni(111),
Ag(110) and Cu(110), chemisorbed molecular oxygen
species have been detected at temperatures below
~150 K.  Two molecular states are frequently
observed in vibrational spectroscopy: a peroxo form
(O2

2-), with an O-O stretching frequency of 610-650
cm-1, and a superoxo (O2

-) form, with a stretching
frequency of 810-870 cm-1.  The precursors generally
adopt the di-s orientation in which their molecular
axes are parallel to the surface.  Significant charge
transfer from the substrate to the O2 p 2p* orbital
weakens the O-O bond, which makes them likely
precursors to O2 dissociation.  Because the existence
of molecular O2 precursors influences surface reaction
kinetics, it is important to ascertain their
characteristics and behavior.  In this presentation, we
will discuss our findings on O2 dissociation on flat and
stepped Cu and Au surfaces, but we will focus on our
results on the O2/Cu(111) system for the rest of this
document.

The adsorption of atomic oxygen on Cu(111) has
been studied extensively under a variety of
experimental conditions.  Threefold hollows are found
to be the preferred adsorption sites for O atoms.  The
estimated saturation coverage of atomic oxygen ranges
from 0.3 to 0.5 ML at room temperature.  Extensive
surface reconstruction is observed at medium to high
oxygen coverage and at room temperature and above.
There is no conclusive evidence for ordered overlayer
structures until much higher temperature, probably
with the onset of Cu2O formation 2.

Molecularly adsorbed O2 has also been detected
on the Cu(111) surface.  Several techniques, including
UPS, XPS and HREELS, have revealed two
chemisorbed molecular O2 species, characterized by
O-O stretching frequencies of 610 cm-1 and 820-870
cm-1 3,4.  At low temperature a mixture of chemisorbed
molecular oxygen and atomic oxygen species are

found on the surface.  The molecular species are not
detected at temperatures above 170 K.  The structural
and electronic properties of these species are still not
well understood, and the dissociation of O2 on
Cu(111) has not yet been studied theoretically.

We have performed periodic self-consistent DFT
calculations to investigate the characteristics of
various molecular and atomic oxygen configurations
on Cu(111) and to explore the most likely pathways of
O2 dissociation.  Because industrial heterogeneous
catalysts consist of nanometer-sized metal particles
supported on metal oxides that often induce strain on
the surfaces of the metals 5, we have also examined
the effect of strain on the thermochemistry and on the
reaction barrier for O2 dissociation on Cu(111) 6.

Methods
The calculations were performed using DACAPO

7.  Adsorption was allowed on only one of the two
surfaces of a (2¥2) unit cell used to construct the
Cu(111) surface.  The metal slab consists of four
layers of Cu atoms.  Successive slabs are separated by
a vacuum equivalent to six layers of Cu.  The Kohn-
Sham one-electron valence states are expanded in a
basis of plane waves with kinetic energies below 25
Ry.  The exchange-correlation energy and potential
are described by the generalized gradient
approximation (GGA-PW91), and ionic cores are
described by ultrasoft pseudopotentials.  The surface
Brillouin zone is sampled at 18 special k points.  The
calculated equilibrium PW91 lattice constant for bulk
Cu is a  = 3.66 Å, in good agreement with the
experimental value of 3.62 Å.

Adsorption of atomic and molecular oxygen, and
O2 dissociation pathways are explored first on a fixed
bulk-truncated surface at the equilibrium lattice
constant.  The effect of surface relaxation is
investigated by relaxing the top two layers of the fixed
surface.  The fixed bulk-truncated surface is then
compressed or stretched in the plane of the surface,
whereon various properties are calculated again.  The
O-O bond length is chosen as the reaction coordinate
in the determination of the dissociation pathway.  The
O-O stretching frequency is calculated using the
harmonic oscillator approximation.

Results and Discussion
Atomic oxygen on Cu(111)  The properties of

adsorbed atomic oxygen are calculated at _ ML
coverage.  fcc sites are clearly preferred with a binding
energy of -4.3 eV/O.  For adsorption in an fcc or hcp
site, the Cu atoms bound to the O atom relax outward
by ~0.01 Å and move ~0.05 Å laterally away from the
O atom to accommodate its presence.  The energy
barrier to diffusion is estimated to be ~0.45 eV on
both the fixed and the relaxed surface.  Increase in the
surface work function suggests a net charge transfer to
the O atoms, which makes these species ionic in
character.

Molecular oxygen precursors on Cu(111)
Calculations for molecular oxygen precursors are
carried out with one O2 molecule in every (2¥2) unit
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cell.  Perpendicular O2 precursors are calculated to be
only marginally stable on Cu(111).  The parallel (di-s)
O2 precursors are more strongly bound than the
perpendicular precursors by ~0.5 eV/O2 each.  The
di-s  precursors exist in several configurations on
Cu(111).  (For brevity, site names are abbreviated to
their first letters.  Thus, for instance, t-f-b stands for
top-fcc-bridge).  These include t-b-t, t-h(f)-b, and
b-h(f)-b.  Their binding energies are, respectively,
-0.45, -0.52, and -0.56 eV/O2 on a relaxed surface and
are about 0.03 eV/O2 less on a static surface.  Charge
transfer from the substrate quenches the magnetic
moment of all but the t-b-t state, which still carries
half (1.0 m B) of what a gas-phase O2 molecule
possesses.  The O-O bond of the parallel precursors on
Cu(111) is lengthened up to about 18% of the gas-
phase O2 bond length.  Cu atoms not bound to the
precursors sink between 0.05 to 0.14 Å in place.
Those that are directly bound to the precursors do not
show appreciable vertical displacement but move
away from the precursors by ~0.05 Å horizontally.
The O-O stretching frequencies of t-b-t, t-h-b and
b-h-b states are found to be, respectively, 954, 789,
and 729 cm-1.  The calculated frequencies are higher
than experimental findings, but the two are in
reasonable agreement given that GGA-PW91
calculations regularly over-predict vibrational
frequencies by 5-10%.  Based on their bond lengths
and magnetic properties, the t-b-t precursor can be
viewed as superoxo-like, and the t-h(f)-b and b-h(f)-b
precursors can be viewed as peroxo-like.

O2 dissociation on Cu(111)  The most probable
pathway starts with the most thermodynamically

,favorable precursor, b-h-b.  The O-O bond would
stretch until it breaks, upon which the two separated O
atoms would fall into two adjacent fcc sites.  The
energy evolution along this pathway, both on the fixed
and on the relaxed surface, is given in Figure 1.  It can
be seen that the transition state occurs early in the

process, with a small activation energy barrier of 0.26
eV/O2 above the initial b-h-b state on the fixed
surface.  On the relaxed surface the barrier is lowered
to 0.20 eV/O2.  The overall O2 dissociation process on
Cu(111) is very exothermic, releasing 2.4 eV/O2 of
heat.  Given the relative magnitudes of the precursor
binding energy, activation energy and overall reaction
exothermicity, O2 precursor molecules will dissociate,
rather than desorb, upon heating of the surface to yield
chemisorbed O species.  This agrees well with
previous experimental findings 4.  The relaxed surface
displays a high level of flexibility in the dissociation
process, particularly after the transition state,
indicating substantial involvement of surface Cu
atoms in facilitating the breaking of the O-O bond.

Effect of strain  We used a lattice constant of
3.50 Å (4.4% less than the equilibrium value of 3.66
Å) to model a compressed surface and 3.80 Å (3.8%
more) to model a stretched surface.  Lattice expansion
leads to increased stability for all adsorbates.  The
binding energy of both atomic oxygen and molecular
precursors are modified by ~ m 0.1 eV by ~±4%
strain.  Roughly, for a 1% increase in the lattice
constant, the binding energies of various adsorbates
increase by ~0.03 eV.  We also calculated the position
of the d -band center of the Cu(111) surface as a
function of strain.  The results show a consistent up-
shift of the d-band center with lattice expansion and
thus increasingly strong surface-adsorbate interaction.
This is in good agreement with the findings of
previous theoretical studies on the effect of strain on
the reactivity of several metal surfaces 8.

Figure 2 shows our results for the effect of strain

along the O2 dissociation reaction path.  Stretched
surfaces stabilize the initial, transition, and final states.
Because the transition state becomes significantly
more stable in going from a = 3.66 to 3.80 Å, making
the desorption barrier for the transition state
correspondingly higher, the rate of O2 dissociation can
outperform the rate of O2 desorption by 1-2 orders of
magnitude depending on the temperature.  Thus small
supported Cu particles can show enhanced reactivity,

Figure 2.  Effect of strain on O2 dissociation from O2

(b-h-b) to fcc¥2 on a Cu(111) surface.  Surface is not
relaxed.

Figure 1.  Reaction pathway for O2 dissociation from
b-h-b to fcc¥2.  The indicated activation energy and
heat of reaction are those calculated on the relaxed
surface.
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both because of strain and because of higher
concentration of under-coordinated sites.
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Introduction 

Among various sulfide catalysts proposed for the 
hydrodesulfurization (HDS) process, molybdenum sulfide is one of 
most promising candidates for technological applications.1,2  In 
practice it is used as well-dispersed MoS2 nanocrystallites supported 
on γ-alumina and can be used both as an unpromoted or promoted 
catalyst1 with Co or Ni atoms.   

Despite a relative large number of experimental studies the role 
of the metallic promoters in HDS processes is still under intense 
debate.  Recently, Weiss et al.3-5 provided new insight based on low-
temperature scanning tunneling microscopy investigations of the 
dynamics of Ni and Co clusters on MoS2 basal planes.  These studies 
indicate that both these species have a low barrier for surface 
diffusion.  It was suggested that these promoters can be used to 
increase the sticking probability of sulfur-containing hydrocarbons and 
to transport these hydrocarbons to the active sites for reaction.  
However, several issues were not clarified by these studies.  For 
example the location of the promoters on the basal plane or the 
electronic modifications induced upon adsorption of these metallic 
atoms is not well established.  Moreover, the transport properties, 
particularly the diffusion characteristics as well as the clustering 
processes of these promoters on MoS2 have not yet been well 
characterized and understood.  Another issue raised by experimental 
investigations is that of the role played by various sulfur defects on the 
chemisorption properties of promoter atoms.  In general, it would be 
very useful to understand how the adsorption and dissociation of 
various hydrocarbon species containing sulfur are changed in the 
presence of the promoters and of the vacancies on MoS2 surface.   

The properties of promoted MoS2 catalysts have also been 
considered in several recent theoretical studies based on density 
functional theory (DFT) calculations.6-7  However, these studies have 
focused exclusively on description of the binding properties of 
promoter species at edge surfaces where the catalytic activity is the 
highest but have not analyzed the properties of basal surfaces. In the 
present study we describe a DFT study that focuses on analyzing the 
interaction of Ni promoters with the basal plane of MoS2 in an effort 
to clarify some of the mechanisms proposed by Weiss et al.3-5 based 
on their STM investigations.  
 
Computational Method 

The calculations performed in this study were done using the 
Vienna ab initio simulation package (VASP).8-10  This program 
evaluates the total energy of periodically repeating geometries based 
on density-functional theory and the pseudopotential approximation.  
In this case the electron-ion interaction is described by fully non-local 
optimized ultrasoft pseudopotentials similar to those introduced by 
Vanderbilt.11,12    Periodic boundary conditions are used, with the one 
electron pseudo-orbitals expanded over a plane-wave basis set.  The 
expansion includes all plane waves whose kinetic energy, 

cutEmk <2/
22

h  where k is the wave vector, m the electronic mass 

and Ecut is the chosen cutoff energy.  A cutoff energy of 242 eV has 
been used in our studies.    

Calculations have been done using the spin polarized PW91 
generalized gradient approximation (GGA) of Perdew et al.13  The 
sampling of the Brillouin zone was performed using a Monkhorst-
Pack scheme.14  The minimization of the electronic free energy was 
performed using an efficient iterative matrix-diagonalization routine 
based on a sequential band-by band residuum minimization method 
(RMM) or alternatively, based on preconditioned band-by-band 
conjugate-gradient (CG) minimization.15  The optimization of 
different atomic configurations was performed based on a conjugate-
gradient minimization of the total energy. 

The minimum energy paths between different minima were 
optimized by use of the nudged elastic band (NEB) method of Jónsson 
and Mills.16  In this approach the reaction path is "discretized", with 
the discrete configurations, or images, between minima being 
connected by elastic springs to prevent the images from sliding to the 
minima in the optimization.  In the NEB searches either 8 or 16 
images were employed between minima. 

 The periodic nature of the surface was represented in our 
simulations using a supercell model with periodic boundary conditions 
in all three directions.  Most calculations have been done using a slab 
model consisting of one S-Mo-S layer.  However, additional tests 
have been performed for the case of supercells with three S-Mo-S 
trilayers.  In all calculations a vacuum layer of at least 10 Å has been 
used parallel to the MoS2 basal plane 

 
Results and Discussions 

Based on full optimizations of the Ni atoms on the MoS2 basal 
plane we have identified three stable adsorption configurations.  The 
first one (1F) (see Fig.1a) corresponds to Ni atoms adsorbed on top of 
the sulfur atoms, the second one (6F) corresponds to a six-fold 
configuration of Ni (see Fig.1b).The last one (3F) is represented by 
adsorption on top of Mo atom with a three-fold binding to neighbor 
sulfur atoms (see Fig.1c). 

 
 

 
 

 
 
 
 
 
 

Figure 1.  Adsorption configurations of Ni on MoS2(0001) surface: 
(a) 1F on top of S atoms, (b) 6F in a six-fold configuration and (c) 3F 
on top  of Mo atom.  

 
Our results indicate a stability order E(3F) > E(6F) > E(1F).  For 

the most stable adsorption configuration (3F), the adsorption energy, 
77 kcal/mol, is large.  In this configuration the Ni atom sits above the 
Mo atom at a distance of 2.59 Å while the Ni-S distances are 2.13 Å. 

We have also investigated the minimum energy paths for 
diffusion of a Ni atom between different adsorption configurations 
using NEB calculations.  In particular, we have analyzed three 
diffusion pathways suggested by the surface symmetry: 3F→6F→3F, 
3F→6F→1F and 3F→1F.  Our calculations indicate that among these 
the 3F→6F→3F pathway has the smallest barrier for diffusion.  The 
corresponding profile determined in our studies is represented in 
Figure 2.  As can be seen from this figure the barrier height is about 
20 kcal/mol.  This value is about 3.8 times smaller than the 
corresponding adsorption energy at the 3F site.  This ratio of the 

      

Mo 

S 

Ni 

a) b) c) 
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diffusion barrier to the adsorption energy is consistent with values 
obtained for other adsorbate/surface systems.17  However, our results 
indicate much larger diffusion barriers than those expected from the 
analysis of STM data by Weiss et al.3,4  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
We have also analyzed the case when a Ni3 cluster adsorbs on 

MoS2 basal plane. We have identified an adsorption configuration on 
top of S atoms in which the adsorption energy per Ni atom decreases 
significantly to about 20.4 kcal/mol.  However when this cluster is 
moved away from the on-top position the Ni atoms are adsorbed at 
the corresponding 3F sites, leading to cluster deformation and 
dissolution at the surface sites.    

Another set of investigations we have pursued is related to 
adsorption of Ni atoms at S vacancy sites.  Our calculations indicate 
that independent on the starting optimization configuration the Ni 
atom will adsorb at the position of S vacancy on the basal plane.  The 
corresponding adsorption energy increases for this configuration to 
about 98.5 kcal/mol, indicating the existence of a very stable 
adsorption configuration.  

As indicated by Weiss et al.3-5 the presence of Ni atoms on MoS2 
surface is important to increase the sticking of sulfur-containing 
hydrocarbons.  We have analyzed this aspect by performing studies of 
the adsorption of thiophene molecules on the promoted and 
unpromoted surfaces. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 3.  Vertical and tilted adsorption configurations of thiophene 
on Ni promoted MoS2 basal plane. 

 

In the case of adsorption of thiophene molecules on the 
unpromoted surface the calculated adsorption energies of thiophene 
are very small indicating a physisorption interaction mechanism.  This 
result is in agreement with previous experimental findings determined 
by Salmeron et al.18 based on TPD investigations.  However, when Ni 
atoms are present on the surface the binding energies significantly 
increase.  For example, in Figure 3 we present two possible 
adsorption configurations of thiophene molecule on Ni atoms 
positions at 3F sites.  Our calculations indicate adsorption energies of 
about 20 kcal/mol for thiophene on the promoted surface.  These 
results support the experimental findings related to the increased 
sticking probability of sulfur-containing hydrocarbons on basal 
surface. 
Conclusions 

The main results of our investigations related to adsorption and 
diffusion studies of Ni and Ni complexes on MoS2(0001) surface can 
be summarized as follows: 

a) there are several adsorption configuration of Ni atoms on 
MoS2 basal planes with large adsorption energies. 

b) a simple hopping mechanism of Ni atoms between different 
adsorption sites indicate diffusion barriers in excess of 20 kcal/mol.  
This results contradict the experimental findings of Weiss et.al.3,4 
where metallic promoters were found to move easily on the surface 
even in the case of low temperatures. 

c) the binding energy of Ni atoms to the surface increases when S 
vacancies are present. 

d) the Ni promoter species increase the binding of thiophene 
molecule to the surface.  In the absence of these promoters, thiophene 
physisorbs on the surface. 
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Figure 2.  Minimum energy path for diffusion of Ni atom between 
two 3F sites and passing through the 6F configuration. 
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Introduction
The dehydrogenation of coal is a reaction that likely plays an

important role in direct coal liquefaction and in various stages of
coalification.  Reggel, Wender and Raymond,1 in what has been
termed a classic study,2 dehydrogenated coals using a 1%Pd on
calcium carbonate catalyst in refluxing phenanthridine.  For 24
vitrains, all obtained from coals ranging in rank from high volatile C
bituminous to low-volatile bituminous, the data scatter about a
reasonably smooth curve, in which the hydrogen evolution decreases
gradually as the carbon content increases from 75.7% m.a.f. to 91.0%
m.a.f.  Three other points for semi-anthracite and anthracite show that
hydrogen evolution decreases rapidly for ranks above low-volatile
bituminous.  The authors suggested that these findings were an
indication of hydroaromatic structures in coal.  It is important to note
that the catalyst support, CaCO3, and most of the phenanthridine
could be removed by treatment with HCl, allowing examination of
the dehydrogenation residues.

This paper looks into the possible effects of two structures in
coal that could play a role in influencing the results obtained by
Reggel et al.: the part played by phenolic structures and the effect of
polynuclear olefinic entities.

Experimental
The original dehydrogenation apparatus1 was modified so that

the pressure difference between the reaction flask and the ambient
pressure was controlled by a computer linked to the apparatus.
Reaction products were removed from the flask and ground to a fine
powder to achieve uniformity.  A sample of this ground mixture,
dissolved in CDCl3, was analyzed in a 300 mHz Bruker spectrometer
interfaced with a Silicon Graphics workstation.  Gases were analyzed
using an HP-5890 GC.  Illinois #6 coal was from the Argonne
Premium Coal Sample Bank.  Oils from the dehydrogenation of coals
were analyzed using simulated distillation

Results and Discussion
It is known that about half of the oxygen in bituminous coals

occurs in phenolic structures3,4.  Skowronski et al.5 have suggested
that secondary reactions involving oxygenated structures could have
a significant impact on the catalytic dehydrogenation results using the
Pd/phenanthridine system.  Reggel et al. raised the question in their
original papers in regard to the effect of phenolic groups on their
catalytic dehydrogenation of coals.  They found that certain phenolic
compounds (not designated) yielded hydrogen on catalytic
dehydrogenation "probably by reactions of the type"

                        

OH O

2 + H2

Figure 1.  Postulated dehydrogenation of phenol1.

Phenol as such does not exist in coal.  We chose to investigate
the catalytic dehydrogenation of 9-phenanthrol which has a phenolic
group on a phenanthrene structure, in the absence and in the presence
of coal.  9-Phenanthrol is a type of structure likely to exist in
bituminous coal.  Similar catalytic dehydrogenations, all in the

Pd/CaCO3-phenanthridine system, were carried out with "- and
$-naphthols.

Analysis by GCMS of the residue from 9-phenanthrol
dehydrogenation showed that evolution of hydrogen was due to
reaction between two phenanthrol molecules to form aromatic ethers,
by the reaction of a phenolic OH group with the aromatic ring in
another phenanthrol molecule.  The structure of this ether was
confirmed by NMR spectroscopy and the overall reaction is given in
Figure 2.

        

OH

O

OH

2
Pd

CaCO3

+ H2

Figure 2.  Dehydrogenation of 9-phenanthrol with Pd/CaCO3 to form
aromatic ethers.

The bond dissociation energy of a hydrogen atom attached to a
benzene ring is about 103 kcal/mole; that of a benzylic hydrogen is
about 85 kcal/mole.  Hydrogens attached to the 9,10 position of
9,10-dihydroanthracene (9,10-DHA) or the 9,10 position in
9,10-dihydrophenanthrene (9,10-DHP) have much lower bond
dissociation energies.

We therefore dehydrogenated mixtures of 9-phenanthrol with
9,10-DHA and also with 9,10-DHP. The amounts of hydrogen
evolved were consistently lower than those which would be obtained
by simple addition of the amount of hydrogen from the phenol plus
that from the hydroaromatic compound.

The interaction has a negative influence on the rate of H2

evolution and the final H2 yield so that the actual yield is always less
than theoretical.  Proton NMR of the residue from the
dehydrogenation of 9,10-DHA and 9-phenanthrol showed that there
is a peak in the region of 4.9-5 ppm which is attributed to the
formation of an aliphatic aromatic ether.

To determine if there was any interaction between 9-phenanthrol
and coal during the catalytic dehydrogenation process, a mixture of
0.2 g of Illinois #6 coal was dehydrogenated, along with 0.2 g of 9-
phenanthrol, using 0.3 g of Pd/CaCO3 in phenanthridine.  The results
are shown in Figure 3.  The final volume of hydrogen evolved for the
mixture is less than that which would be obtained by adding the two
individual volumes obtained from coal and 9-phenanthrol.  This is an
indication of the influence of phenolic structures likely to be present
in coal on the evolution of hydrogen from what may be
hydroaromatic substrates in coal.

43

13

23

56

0

10

20

30

40

50

60

Illinois No. 6 (0.2g) 9-Phenanthrol (0.1g) Illinois No. 6 (0.2g) and 9-Phenanthrol

(0.1g)

H
yd

ro
ge

n 
E

vo
lv

ed
 (

cc
) Actual Expected

Figure 3.  Final hydrogen yields from Illinois #6 coal, 9-phenanthrol
and a mixture of the two.

Effect of Polycyclic Olefinic Structures.  It is known that all
petroleum contains optically active structures. Zahn et al. found that
oils from the hydrogenation of coal at 450-525°C and 8000 psig still



Fuel Chemistry Division Preprints 2002, 47(1), 229

contained distillates that were indeed still optically active.  They
postulated that part of these structures were probably derived from
various steroids and terpenes.6

Many of the cyclic triterpenoid substances occur in organisms
and their fate is of considerable interest as coal precursors.  These
include the tetracyclic steroids such as cholesterol in animals and
sitosterol  in plants; these compounds differ in structure only near the
end of the aliphatic side chain.7  All sterols are unsaturated alcohols,
generally with an olefinic bond in one ring

We chose to investigate the dehydrogenation of the readily
available cholesterol (Figure 4) in the same catalytic dehydrogenation
system.  No hydrogen was evolved from cholestane, a fully saturated
naphthene.  Cholesterol, with a single double bond evolved seven
moles of hydrogen plus some methane per mole of cholesterol.
When the hydroxyl group in cholesterol was blocked by formation of
its silyl ether, only six moles of hydrogen were evolved.  The one
mole difference in the amount of hydrogen evolution indicated that
two naphthenic hydrogens in ring A cannot be removed if the
hydroxyl group is blocked.

It was not surprising to find that cholesterol is a very good
vehicle for the dehydrogenation of coal; a better dehydrogenation
solvent that even 9,10-DHA.

OH

CH3

CH3

A B

Figure 4.  Structure of cholesterol.

It appeared possible that structures resembling cholesterol could
be good hydrogen donors in direct coal liquefaction.  We liquefied
Illinois No. 6 coal using cholesterol as a donor solvent (400°C, 1000
psig of He).  As shown in Table 1, the use of cholesterol in coal
liquefaction resulted in both a high conversion and a higher oil yield
as compared to the use of 9,10-DHA.  Even partially dehydrogenated
cholesterol gave higher conversions (THF solubles) and oil yields
(pentane solubles) than did 9,10-DHA.  The oils were characterized
by simulated distillation.  Lighter oils were obtained from the
reaction of coal with cholesterol as solvent than with 9,10-DHA,
indicating that naphthenic structures containing a single double bond
in a ring can be superior hydrogen donors.

Acknowledgement.  Support from the United States
Department of Energy is gratefully acknowledged.

Table 1.  Comparison of Hydrogen Donor Ability of Cholesterol
with 9,10-DHA in Liquefaction of Illinois #6 Coal at 400°C.
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Soc., Fuel Chem.Div. Reprints, 1985, 30(4), 333.

                                                                                                                            
6 Zahn, C.; Langer, S.H.; Blaustein, B.D.; Wender, I. Nature, 1963, 200, 53.
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Donor Solvent Conversion (%) Oil Yield (%)
9,10-DHA 66.7 18.8
Cholesterol 78.2 22.1
Partially Dehydrogenated
Cholesterol

75.4 20.3
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Introrduction 

Coal-derived liquids, such as distillates from coal liquefaction, 
pyrolysis, and carbonization, are rich in polycyclic aromatic 
hydrocarbons. These PAHs are not desirable components of 
conventional liquid fuels such as gasoline or diesel fuels. However, 
they can be converted into value-added chemicals and advanced 
polymer materials.  

There are some exciting developments in advanced polymer 
materials and specialty  chemicals which present new opportunities for 
catalytic research on selective conversion of polycyclic compounds 
that can be obtained from coal-derived liquids and some refinery 
steams [1-4].  
 
PAH Conversion 

This presentation is a review of our recent studies on synthesis of 
value-added organic chemicals from 2-ring and 3-ring polycyclic 
hydrocarbons by selective conversion over certain 12-MR or 10-MR 
zeolite catalysts or zeolite-supported metal catalysts [4-7].  

Early studies and publications on chemicals from coal till 1980s 
seem to be dominated by the approaches to obtain chemical 
feedstocks or commodity chemicals or alternate chemicals from coal 
in connection with alternate fuels from coal (as an alternative to 
petroleum-based fuels and chemicals). Such chemicals typically 
include olefins, BTX and phenol, which are currently produced in 
petrochemical industry.   

However, our attention has been focused on how to make use of 
the unique structural features of the aromatic compounds, particularly 
polycyclic compounds, in coal-derived liquids for producing value-
added organic chemicals.   

Specifically, this review will discuss the new developments in the 
following catalytic reactions over large-pore zeolite catalysts:  

(1) ring-shift isomerization of phenanthrene derivatives to 
anthracene derivatives;  

(2) shape-selective alkylation of naphthalene for synthesizing 2,6-
dialkylnaphthalene;  

(3) shape-selective alkylation of biphenyl for synthesizing 4,4’-
dialkylbiphenyl;  

(4) conformational isomerization of cis-decahydronaphthalene 
into trans-decahydronaphthalene;  

(5) shape-selective hydrogenation of naphthalene into either cis- 
or trans-decalin, and  

(6) regio-selective hydrogenation of 1-naphthol and quinoline for 
synthesizing specialty fuel additives.  

Schemes 1 to 8 illustrate these reactions. In most case, the 
selectivity strongly depends on the type and nature of catalysts, as 
well as reaction conditions.  

 
 
 

 
 

 
 
Scheme 1. Ring-Shift Isomerization 
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Scheme 2.  Reaction Pathways for Ring-Shift of sym-OHP  
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Scheme 3. Alkylation of Naphthalene 
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Scheme 4. Alkylation of Biphenyl  
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Scheme 5. Conformational Isomerization of cis-DeHN  
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Scheme 6.  Proposed reaction pathway for isomerization of cis-DeHN 
into trans-DeHN. 
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Scheme 7. Selective Hydrogenation of Naphthalene. 

 
 

 
 
 
 
 

Scheme 8. Regio-selective Hydrogenation 
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The products of the selective catalytic reactions discussed above are 
intermediates for making specialty chemicals, monomers of advanced 
polymer materials such as high-performance polyesters including 
polyethylene naphthalate, polybutylene naphthalate,  and liquid 
crystalline polymers, and components of advanced thermally stable 
aviation jet fuels for high-Mach aircraft. The possible reaction 
mechanisms, pathways and factors affecting the selectivity have also 
been discussed [5-7]. 
 
Concluding Remarks  

This presentation is a selective review based on recent studies in 
our laboratory. Selective catalytic conversion of PAHs can be very 
useful for making polycyclic specialty chemicals that have potential 
industrial applications.  

Because of the presence of two or more isomers of polycyclic 
compounds, a major challenge is to direct the reaction along a very 
specific pathway to the desired isomer.   

Substantial progress has been made in the applied fundamental 
research in the past several years. In many cases, further improvement 
in catalyst selectivity and stability is needed, and many fundamental 
questions concerning mechanistic aspects remain to be answered by 
future study.  
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Introduction 

The production of synthesis gas via CO2 reforming of CH4 
received significant attention over the past decade as the push for 
environmentally friendly processes and the elimination of greenhouse 
gases became a major focus in industry.  Even though it has been 
shown that the reduction of CO2 is not a valid argument for dry 
reforming, interest in the reaction and finding stable catalytic materials 
has remained high.  Reasons for this interest include the simultaneous 
presence of both reactants in natural gas reservoirs [1] and the ability 
to combine the dry reforming reaction with partial oxidation and 
steam reforming to obtain any ratio of H2:CO in the synthesis gas [2]. 

Catalyst deactivation continues to be an obstacle at high 
temperatures and the majority of the research has focused on finding 
materials capable of withstanding the reaction conditions.  Previous 
studies have shown that Pt metal supported on ZrO2 promoted with 
La3+ and Ce4+ can be stable for the reforming reaction at 800°C and a 
2:1 ratio of CH4:CO2 [3].  These results demonstrated that the 
reaction proceeded through a bifunctional mechanism in which 
methane decomposes on the metal resulting in the formation of 
hydrogen and carbon adsorbed on the metal.  This carbon can react 
with oxygen from the support to produce carbon monoxide and create 
an oxygen vacancy in the support near the perimeter of the particle.  
Carbon dioxide adsorbs at the vacancy site and dissociates to form 
CO and replenish the support oxygen.  The balance between the rate 
of decomposition and dissociation determines the overall activity of 
the catalyst.  The addition of the promoters resulted in a support that 
facilitated the reaction mechanism and substantially improved the 
stability and overall catalytic performance.  The Ce-promoted 
catalysts were found to be more readily reducible which aided in the 
removal of the carbon species from the metal.  The La-promoted 
catalysts helped to retard particle growth and had increased CO2 
adsorption and dissociation capability.    

More recent studies have shown that the loading of Ce in the 
support impacts the catalytic performance, and the activity can be 
correlated to the reducibility of the oxide [4].  XPS studies have 
shown that catalysts with 50% Ce and 50% Zr exhibited the highest 
degree of Ce reduction and the highest activity.  Previous studies have 
shown that the addition of Ce and La to ZrO2 does not result in a 
significant increase in catalytic performance [5] however; no 
investigations to explain the observed activity have been performed. 

In this contribution we are focusing on the promotion of ZrO2 
with both Ce and La and the effect of the components on the Pt metal.  
We have prepared 0.5 wt% Pt supported on Ce-, La-, and CeLa-
doped ZrO2 and characterized the materials using TPR, BET surface 
area measurements, H2 chemisorption, and pulse studies.  The activity 
and stability of these materials has been compared to a 0.5 wt% and 
1.5 wt% Pt/ZrO2 catalyst for the dry reforming reaction in the 
presence and absence of oxygen.   
 
Experimental 

The ZrO2, lanthanum (5 wt%)–doped ZrO2, cerium (18 wt%)-
doped ZrO2, and lanthanum (5 wt%)-cerium (18 wt%)-doped ZrO2 
were all obtained from Magnesium Elektron Inc.  Prior to the addition 
of the metal the supports were calcined at 800°C in stagnant air for 4 
hours.  Pt was added to the supports using incipient wetness 

impregnation of an aqueous solution of H2PtCL6·6H2O.  The metal 
loading on the promoted catalysts was 0.5 wt%.  Two un-promoted 
samples were made, with metal loadings of 0.5 wt% and 1.5 wt%.  
The nomenclature for the unpromoted catalysts will be 0.5PZ and 
1.5PZ, respectively.  All of the catalysts were dried overnight at 
110°C, and then reduced in-situ in H2 (30 cm3/min) at 500°C for 1.5 
h, prior to reaction. 

Dry reforming activity measurements were performed in a quartz 
flow reactor at 800°C using a CH4:CO2 ratio of 1:1 and a GSHV of 
180,000 h-1.  For the experiments in the presence of oxygen, the 
composition of the feedstock was 61.5 % CH4, 10.5 % CO2, and 28 
% O2.  The GSHV for these reactions was 85,000 h-1.  Temperature-
programmed reduction (TPR) experiments were performed on each 
sample.  The samples were heated to 800°C at a rate of 6.5 °C/min in 
a stream of 5% H2/Ar (30 cm3/min). 

Pulse studies were performed on each sample at 800°C following 
the pretreatment described for the activity experiments.  The catalysts 
ZHUH�H[SRVHG�WR����� /�SXOVHV�RI�&+4 followed by pulses of CO2 and 
then CH4.  Information about the H2 and CO production during each 
pulse was obtained using a mass spectrometer (Pfeiffer Vacuum). 
 
Results and Discussion 

Table 1 shows the BET surface area and the H2 chemisorption 
measurements for the various catalysts.  Chemisorption values were 
taken after reduction at 500°C and heating to 800°C in He, to 
simulate the particle size at the beginning of the reaction.  The surface 
area for the promoted catalysts was much higher than the observed 
surface area of the unpromoted ZrO2.  The support containing both 
Ce and La had a surface area greater then 200 m2/g.  These results are 
in agreement with previous studies [4], in which x-ray diffraction was 
used to demonstrate that the promoters stabilize the tetragonal form 
of the ZrO2 leading to increased surface areas after high temperature 
calcination. 

 
Table 1.  BET Surface Area and Chemisorption Measurements of 

the Catalysts Investigated   
 

Catalyst BET surface Area (m2/g) Dispersion (%)
0.5PZ 24.862 35.012
1.5PZ 24.862 17.669
PCZ 49.257 23.96
PLC 53.997 9.19

PLCZ 224.92 14.98  
 
Pulse studies performed on the various catalysts allow for the 

probing of the degree of support reduction and the ability of the 
support to facilitate CO2 dissociation.  The degree of reducibility of 
the support can be observed by monitoring CO production during 
pulses of pure CH4, while the CO2 dissociation can be monitored by 
the CO produced during pulses of CO2.  The ability of the catalyst to 
remove carbon deposited during the reaction can be observed by 
comparing the amount of H2 produced in the first pulse of each series 
of CH4 pulses.  Pulse studies performed on the PCZ, PLZ, and PLCZ, 
showed that the presence of Ce results in more CO produced during 
CH4 pulses, and thus a more readily reducible oxide.  The catalysts 
containing La showed more CO2 dissociation capability which agrees 
with TPD results reported elsewhere [6].  Finally, unlike the 0.5PZ 
catalyst, the promoted catalysts all show the ability to effectively 
remove carbon from the metal by exhibiting similar hydrogen 
production during the first pulse of each set of  CH4 pulses. 

Based on the BET surface area, the measured dispersion, and the 
knowledge of the role of the promoters we anticipated that the 
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addition of both promoters would utilize the increased reducibility of 
ceria and the enhanced CO2 dissociation of La to improve the catalytic 
performance.  Contrary to what we anticipated, Figure 1 shows that 
the PLCZ catalysts did not exhibit improved performance for the dry 
reforming reaction.  The methane conversion on the dual promoted 
material was less than the La- or Ce-doped material as well as the 
unpromoted catalysts.  Figure 1 also shows that the PCZ and PLZ 
catalysts were more active than the 1.5PZ catalyst even with three 
times less Pt.  Finally, the 0.5PZ catalyst, although having the highest 
initial activity, experienced significant deactivation during the 15 hour 
reaction.  The conversion of methane observed after 15 hours was less 
than the 1.5PZ catalyst and was still decreasing. 
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Figure 1.  CH4 conversion during dry reforming reaction at 800°C 
with 1:1 feed ratio of CH4:CO2 (GHSV=180,000 h-1). 

 
The high initial activity of the 0.5PZ catalyst is not surprising 

based on the dispersion values measured by chemisorption.  Using the 
chemisorption information and assuming that all particles on the 
catalyst were uniform in size and shape, an average particle size was 
determined for each catalyst. Using the particle size, an estimate was 
made of the perimeter of the particle and ultimately the total contact 
area of the metal and support. If the catalyst with the higher loading of 
Pt had more total interfacial area this might explain the observed 
higher stability. However, our results show that based on the pre-
reaction chemisorption, the 0.5% Pt catalyst had the most interfacial 
area, and therefore should exhibit the highest stability.  X-ray 
absorption studies have suggested that sintering of the Pt particles at 
800°C may be responsible for the deactivation of the Pt/ZrO2 catalyst 
due to the loss of the metal-support interfacial area [6].  Our 
chemisorption results suggest that if particle size is the primary factor 
in determining long-term activity, then sintering of the metal particle 
not during the pretreatment, but during the reaction, resulting in a 
dramatic decrease in activity.  In addition, the 1.5 wt% Pt/ZrO2 
catalyst appears to be more resistant to sintering resulting in a more 
stable catalyst with higher long-term activity.  Further investigations 
are being performed to determine the optimal Pt metal loading for the 
dry reforming reaction. 

TPR experiments performed on the 0.5PZ and 1.5PZ catalysts 
show that the reduction of PtO to metallic Pt occurs in the 
temperature range of 180-200°C.  Similar results were obtained on the 
PCZ catalyst.  A shift in the reduction temperature was observed on 
the catalysts containing La.  On the PLZ catalyst the reduction of PtO 
appears at 220°C, while on the PLCZ catalyst the shift is even greater 
with complete reduction not occurring until 300°C.  The shift in 

reduction temperature indicates a modification of the Pt by the 
support.  XPS studies are currently being performed to determine if 
the Pt is being altered due to the presence of the La and Ce. 

Figure 2 shows the results of the reaction of CH4 and CO2 in the 
presence of O2.  The promoted catalysts still perform better than the 
unpromoted catalyst with the same loading of metal.  The 
performance of the promoted catalysts in the presence of O2 is very 
similar, with a final conversion of CH4 after 15 hours within 2%.  It is 
interesting to note that unlike the dry reforming reaction, the CH4 
conversion observed on the 1.5PZ catalyst in the presence of O2 was 
higher than the promoted materials.  These results suggest that the 
beneficial effect of the promoters in facilitating the two path 
mechanism may not be as significant when oxygen is present to assist 
in carbon removal from the metal.    
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Figure 2.  CH4 conversion during dry reforming reaction in the 
presence of oxygen at 800°C with a feed composition of 61.5% CH4, 
28% O2, and 10.5% CO2 (GHSV=85,000 h-1). 
 
Conclusions 

The results of this work have shown that the addition of both La 
and Ce to Pt/ZrO2 catalysts does not result in improved performance 
for the dry reforming reaction.  Although the material does show high 
surface area, good metal dispersion, increased reducibility, and 
increased CO2 dissociation capabilities, the methane conversion 
observed is significantly lower than that observed on the LaZrO2 and 
CeZrO2 supports.  The decreased activity could be due to 
modification of the Pt by the support as observed through TPR 
studies.  XPS characterization is being performed to further explain 
the source of the modification.  In the presence of O2, the beneficial 
effects of the promoters may not be as significant due to the ability of 
the O2 to aid in carbon removal from the metal.   
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GAS-TO-LIQUIDS TECHNOLOGY  
The high performance HCS process is characterized by the 

achievement of high catalyst activity, high selectivity to C10+ 
hydrocarbon yield and low rate of catalyst deactivation, resulting in 
sustained operations at high productivity and high yield.  While 
improvements in either activity, selectivity or activity maintenance 
have  been reported in the literature, AGC-21 technology is unique 
in having achieved all three of these attributes simultaneously.  

- FT CATALYSIS IN EXXONMOBIL'S AGC-21 
PROCESS - 

 
 R. A. Fiato, E. Iglesia* and S. L. Soled,  

ExxonMobil Research and Engineering Company 
1545 Route 22 East 

 Annandale NJ 08801  ExxonMobil has patented cobalt catalyst systems consisting of 
cobalt on inorganic oxide supports, including titania, alumina, silica 
and silica-alumina. The preferred formulation consists of cobalt on 
modified titania, specifically tailored for slurry Fischer-Tropsch 
operation, to achieve high C10+ productivity7-8 The catalyst is 
designed to avoid diffusion  limitations associated with intraparticle  
mass transfer, which is particularly important  when operating at 
high productivities.  Performance tests have shown that by 
maintaining cobalt in a dispersed RIM or thin layer on the outer 
surface of the catalyst, it is possible to achieve very high 
productivity with minimum gas make. The thin cobalt layer 
minimizes relative H2 and CO diffusion rates and also avoids 
particle overheating. 

 
Abstract. Conversion of natural gas to liquids (GTL) utilizing 
Fischer-Tropsch (FT) hydrocarbon synthesis technology is an 
attractive option to bring static gas resources to market.   
ExxonMobil's Advanced Gas Conversion for the 21st Century 
(AGC-21)1 is state-of-the-art GTL technology that provides an 
important commercial option for utilization of stranded natural gas 
around the world. Continuing research at ExxonMobil is leading to 
additional catalyst and technology improvements that will further 
reduce the cost of producing liquids from natural gas. This article 
discusses advances in ExxonMobil's AGC-21 technology achieved 
over the years as a result of an ongoing, comprehensive research, 
development and engineering program.  The catalyst composition and activation procedures provide 

high activity and the manner in which it is fabricated results in high 
selectivity to desired high molecular weight products under 
moderate slurry reactor operating pressures. The catalyst is also 
highly resistant to attrition, which is particularly important for 
efficient separation of the catalyst from the HCS reactor product. 

 
INTRODUCTION 

 
Over the last decade, there has been renewed interest in the 
production of synthetic fuels via Fischer-Tropsch synthesis, using 
synthesis gas produced from remote natural gas.2  Emphasis is 
being placed on use of cobalt catalysts in fixed bed and slurry 
reactors to achieve high yields of paraffinic wax that can be further 
converted to other products.  

As shown in Figure 3 Current HCS reactor productivity is 
more than double previously reported ExxonMobil performance, 
and more than four times recently reported iron slurry results.    
Progress in increasing reactor productivity, which translates into 
fewer reactors required to achieve desired plant capacity, is 
continuing, with the ongoing research advancing new catalysts that 
show promise of further substantial increases in productivity. 

 
ExxonMobil's three step AGC-21 process is shown in Figure 

1.4-9  
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Figure 1 – AGC-21 Flow Scheme 

 
Figure 3 – Relative Productivity vs. Relative Feed Rate 

  HYDROCARBON SYNTHESIS  
 ExxonMobil's Fischer-Tropsch HCS technology operates in a 

novel slurry reactor, using new, high-activity thin layer cobalt 
catalysts under controlled hydrodynamic operating conditions. The 
combination of the slurry reactor design with advanced catalyst 
tailored for slurry reactor operation has resulted in higher 
hydrocarbon productivity levels and selectivity to 650oF+ boiling 
material than previously thought possible.   

A plot of HCS reactor performance during a large scale pilot 
plant run is shown in Figure 4. High levels of productivity with low 
methane yield were demonstrated in extended operations.  This was 
achieved through use of a proprietary catalyst rejuvenation system 
that maintains a high level of catalyst activity by stripping reaction 
inhibitors from the catalyst surface, coupled with good catalyst 
fluidization. Over the past two decades ExxonMobil has pioneered the 

development of cobalt catalysts and advanced slurry reactors for 
high productivity wax synthesis.  
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Figure 4 – Days of Operation vs. CO Conversion 

 
 

This high level of performance is consistent with the 
fundamental understanding developed over years of research in the 
areas of  reaction kinetics, hydrodynamics and catalytic surface 
chemistry relationships  that impact activity maintenance. This 
understanding is used to set conditions and operating procedures 
that have extended previously accepted performance limitations 
and identified additional process improvement opportunities. 

 
* Current Address: Department of Chemical Engineering, 
University of California, Berkeley. 
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FISCHER-TROPSCH SYNTHESIS MECHANISM – STORCH
WAS CORRECT?

Burtron H. Davis
Center for Applied Energy Research

University of Kentucky
2540 Research Park Dr.
Lexington, KY 40511

Storch experienced during a brief period the best of times and
the worst of times.  The U.S. had just experienced WW II and a
demonstration of the impact of a plentiful fuel supply.  To
overcome the lack of a supply of petroleum, Germany developed
a synfuels industry based on direct and indirect coal liquefaction
during the 1930's.  The German synfuels industry developed to the
extent that it made a significant contribution to the overall supply
of transportation fuel until production was severely hampered by
Allied bombing.  The U.S. petroleum production was not
significantly hampered by the war effort and the industry expanded
to provide about four of the five billion barrels of fuel needed for
the Allied effort in Europe.  Research efforts were rapidly utilized
in various efforts, including the Manhattan Project and the
petroleum industry.  At the end of WW II, the research directors
were very positive in their attitude toward the benefit of research
(1,2).  There was a general consensus that the world was facing a
severe shortage of petroleum crude.  For example, Dobie Keith
founded Hydrocarbon Research, Inc. to develop a commercial
Fischer-Tropsch plant at Brownville, Texas.  Because of the
anticipated shortage, the U.S. Bureau of Mines was able to develop
a major research effort in both direct and indirect coal liquefaction.
This effort, headed by Henry H. Storch,  led to the development of
major pilot plants for direct and indirect coal liquefaction   In
1944, the 78th Congress passed an act authorizing the construction
and operation of demonstration plants to produce synthetic liquid
fuels from coal, oil shales, agricultural and forestry products, and
other substances, in order to aid the prosecution of the war, to
conserve and increase the oil resources of the Nation, and for other
purposes (3).  The funding authorization was $30 million, and this
was increased to $87 million, with $85 million actually
appropriated.  Approximately $10 million was expended to
construct direct and indirect coal liquefaction pilot plants at
Louisiana, Missouri; this was a major project at that time.  In
addition to the major funding devoted to both basic and
development research, the Bureau worked to compile the literature
and to provide major reviews, including translations of the
materials obtained in Germany and Japan following WW II.  In
1945 Storch headed a group of more than 300.

Storch, together with Norma Golumbic and Robert B.
Anderson, wrote the definitive book on Fischer-Tropsch in 1951
(4).  In subsequent years, Pichler is reported to have indicated that
this book was flawed since the Germans, following WW II, did not
provide accurate data to the U.S. scientists (5).  However,
considering the extensive reviews of German work prior to, and the
primary documents obtained following, WW II, this assertion does
not appear to be valid.  Thus, in 1950 Storch was in an enviable
position, heading an exceptionally well-funded research and
development activity. 

With the recognition of the vast reserves of petroleum
available in the Middle Eastern countries in the early 1950s,
governments of developed countries lost interest in a synfuels
industry.  In the U.S., there was a dramatic reduction in funding of
research by the government for synfuels research and Storch faced

the unpleasant task of having his research activities
dramatically reduced.

The mechanisms predating 1950 were reviewed in
Storch’s book and then the mechanism supported by the
Bureau’s work, and reinforced by the 14C tracer studies, was
presented.  In this mechanism it was assumed that (a)
hydrogen is chemisorbed as atoms; (b) carbon monoxide is
chemisorbed on surface metal atoms in a manner similar to
that postulated for bonds in metal carbonyls; and (c) the
adsorbed carbon monoxide is partially hydrogenated
according to equation 1.  Chain-building reactions occur in
two ways: (a) by addition to end carbon atoms (equations 2
and 3) and (b) by addition to adjacent-to-end carbons
(equations 4 and 5).  It was postulated that double bonds
between carbon and metal atoms were more resistant to
hydrogenation if the carbon atom is also attached to a
hydroxyl group.  Intermediate $ may grow by reaction 5 to
produce a product with a methyl side chain while
intermediate " will grow to produce normal products.
Equations 6 and 7 illustrate ways of terminating the growth
of chains.  According to equation 6, aldehydes and alcohols
result from desorption and hydrogenation of the alcohol-like
groups at the surface.  Equation 7 leads to olefin and paraffin
products.

Chain Initiation

Chain Growth

a.  At end carbon

and for the general case

b.  At adjacent-to-end carbon
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The popularity of this mechanism outlived Storch but the
widespread utilization of surface science instruments in the 1970's
produced results that led to abandonment of the oxygenate
mechanism in favor of a surface carbide mechanism.  For example,
measurements of the surface concentrations following adsorption
of the reactants, always at low pressure, showed a surface rich in
carbon but very low, or undetectable, levels of oxygen.  These
results were interpreted to indicate that adsorbed CO rapidly
dissociated to form adsorbed carbon and oxygen.  Hydrogenation
of adsorbed oxygen was considered to be very rapid, as was the
desorption of the water that formed, in order to account for the low
levels of oxygen.  The hydrogenation of adsorbed carbon to form
adsorbed CHx species was slow compared to the hydrogenation of
O.  In fact, this was used to explain the inverse kinetic isotope
effect obtained with deuterium.  We have also obtained an inverse
kinetic isotope effect with an iron catalyst but when all products
are considered rather than just the disappearance of CO, the
situation is very complex.  Today the surface carbide mechanism
is the one that is almost universally accepted.

We have obtained data, using 14C tracers,  that agree with the
Storch mechanism better than with the surface carbide mechanism.
Some of these results are outlined below.

We have determined the 14C distribution in the products
obtained when 14C-1-propanol or 14C-2-propanol is fed together
with the syngas.  The surprising conclusion is that 1-propanol
produces predominantly n-products.  2-Propanol contributes to the
products to a lesser degree than 1-propanol and produces
predominantly iso-products (branched chain products).  The loss
of the oxygenate group from either alcohol would lead to the same
intermediate if the half-hydrogenated intermediate is able to
isomerize:

Since obtaining data with these 14C-labeled alcohols, we have
obtained conclusive evidence to show that the isomerization
shown above for the half-hydrogenated state does occur at a
rate that is rapid compared to FTS (6).  The simplest
explanation for these observations is that the oxygenate
species is retained until the irreversible reaction leading to
the final product occurs.

Another observation was the conversion of 1-14C-1-
pentanol.  Here, the CO2 produced had a significantly higher
concentration of 14C than CO.  If the reverse
hydrocarbonylation reaction had occurred, as shown in
equation 9, this could not have happened.

For the CO2 to have been formed from CO, the
radioactivity/mole of the CO2 could only be equal to that of
CO but could never exceed that of CO.  Experimentally, it
was found that the 14C in CO was very much lower than in
the CO2.  Furthermore, the activity in CO and CO2 that was
formed from 2-14C-1-hexanol was very low, indicating that
the carbonyl carbon was lost predominantly as CO2.  It is
proposed that the adsorbed n-alcohol reacts with surface
oxygen to form a species that is similar to, or the same as, an
adsorbed carboxylic acid which then undergoes conversion
by eliminating CO2 as shown below:

Another experiment that provided data to support an
oxygenate mechanism was obtained during the conversion of
14CO2, added to the syngas at about 2% of the CO.  The
results are shown in Figure 1.  If the hydrocarbon products
are formed only from CO, the methane could never have a
greater 14C content than the CO.  As shown, this is not the
case.  Furthermore, the C2  products can only have a 14C
content that is two times that of the CO; again, this is not the
case.  All hydrocarbon products have a much higher 14C
content that the CO.  It therefore appears that the CO2 that is
converted to hydrocarbons does so not by first  being
converted to CO and then hydrocarbons but by being
initiated by a species that is formed from CO2.  Based on the
data shown in figure 1, it appears that about half of the CO2
that is converted goes to produce hydrocarbons and the other
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Figure 1.  Radioactivity in products when 14CO2 is added to the
synthesis gas.

half to produce CO by the reverse water-gas-shift reaction.  To
account for this observation, it is proposed that the intermediate
responsible for the water-gas-shift reaction also initiates FTS.  A
likely intermediate resembles an adsorbed formate.

In summary, we have gone through at least three cycles of
intense interest followed by neglect for indirect liquefaction since
Storch’s best period.  The interest in FTS now appears to be one of
optimism.  It also appears that at least for an iron catalyst the FTS
mechanism involves an oxygenate species and not a surface
carbide intermediate.  In this respect, we believe that the Storch
mechanism is more appropriate for an iron catalyst than the carbide
mechanism.
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Asphalt from co-hydrogenation of coal and catalytic cracking
residue
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State Key Laboratory of Coal Conversion, Institute of Coal
Chemistry, Chinese Academy of Sciences, P.O. Box 165, Taiyuan,

Shanxi 030001, P.R. China

Introduction
        Coal, as a primary energy resource and air pollution source in
China, is demanded to be used as efficient and clean as possible.
Catalytic cracking residues (CCR) from petroleum refineries, with an
annual production of more than 2 million tones in China, is difficult to
be further processed because it contains large amounts of aromatics
and heavy metals. Recently, it has been demonstrated that asphalt
produced by hydrogenation of coal with CCR may be used as high
grade paving asphalt1-4. This is important since the need of high grade
paving asphalt is increasing with the fast growing of the highway
construction in China. In addition, oil can also be produced to make
the co-hydrogenation process economical. In this paper, asphalt
produced from hydrogenation of Yanzhou coal with three CCRs was
studied. The yield, and the chemical and rheology properties of the
asphalt were included.

Experimental
        Yanzhou coal from Shandong China was used, its properties are
listed in Table 1. Three catalytic cracking residues named as CCR1,
CCR2 and CCR3 were used. CCR1 and CCR2 were from
Shijiazhuang petroleum refinery and CCR3 was from Shenghua
petroleum refinery. The properties of the CCRs are given in Table 2.
An iron catalyst was impregnated on the coal. The hydrogenation was
carried out at 400 oC for 1 hour under a hydrogen pressure of 7 MPa
(cold) in an 1-liter autoclave.

Table 1. The proximate and ultimate analyses of Yanzhou coal
Proximate anal. wt% Ultimate anal. wt%

Mad Aad Vdaf Cdaf Hdaf O*
daf Ndaf Sdaf

2.5 6.7 43.9 80.8 5.1 1.2 3.7 9.2
*: by difference; ad: air dry; daf: dry ash free.

Table 2. The properties of the catalytic crack residue(CCR)

Ultimate analysis wt%

C H O N S
CCR1 88.92 8.12 0.37 0.32 1.14

CCR2 87.81 9.34 0.36 0.41 0.96
CCR3 85.33 10.88 0.48 0.25 0.96

Group compositions wt%

Saturates aromatic resin asphalte
CCR1 8.1 60.4 27.3 4.2
CCR2 39.36 36.82 18.24 5.58
CCR3 10.07 35.00 33.38 21.55

The hydrogenation products were separated into residues,
preasphaltene and toluene solubles by using tetrahydrofuran (THF)
and toluene as extraction solvent1. Asphalt was obtained by distilling
out the light products from the toluene solubles.

Thin layer chromatograph coupled with a flame ionized detector
(TLC-FID) was used for group composition analysis. Hexane,

toluene, and trichloromethane(95%) + methanol (5%) were used to
separate the asphalt into four compositions: saturates, aromatics,
resin and asphaltenes. The rheology properties were measured by
Cannon Rotary Viscometers.
Results and Discussion
Effects on conversions and yields: The coal and the CCRs were
hydrogenated at the reaction conditions separately. Results are shown
in Figure 1. It can be seen that both the THF conversion and the
asphalt yield of the coal and the CCRs are significantly different. All
the CCRs show high THF conversions (>95%) and high asphalt
yields.

Fig. 1 Conversion/Yield of coal and CCRs

Co-Hydrogenation of the coal and a CCR was carried out at different
coal-to-CCR ratios. Synergic effect on the asphalt yield is defined as
the difference in asphalt yield between experimental data and the
theoretical calculation. The theoretical calculation was made through
mathematical addition of the results from individual hydrogenation
runs weighted by the coal-to-CCR ratio. Figure 2 gives the
experimental and calculated asphalt yields along with the synergic
effects for the co-hydrogenation of Yanzhou coal with CCR1. The co-
hydrogenation results of the coal and the other two CCRs are similar.

Fig. 2 Asphalt yields and synergic effects

Compared to the hydrogenation of the coal and the CCR alone,
the synergic effect is obvious although the effect level is different for
different CCRs. The main reason may be that the CCR is not only
functioning as a reactant but also a reaction solvent during the co-
hydrogenaction. Coal particles can be solved, swollen and dispersed
by the reaction solvent. Hydrogen can be supplied and transferred by
a hydrogen donor solvent5. All the three CCRs contain over 30%
aromatic compounds. The group compositions (see Table 2) are
closed to that of the coal liquids. From chemistry point of view, these
CCRs are good hydrogen transfer and coal dissolution solvents.
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Effects on group compositions of the asphalt: Results of group
composition analysis for the asphalt produced are given in Table 3.
Generally, saturates and aromatics increase with the increase of the
CCR concentration in the feed stock. Resin and asphaltenes decrease
with the increase of the CCR concentration. These results suggest
that the saturates and aromatics are mainly from CCRs and resins
asphaltenes are mainly from the coal.

Table 3. The group compositions of the asphalt produced
Coal:CCR Saturates Aromatics Resin Asphaltene

2:1 4.90 12.80 57.20 25.70
1:1 5.13 24.51 59.05 11.31CCR1
1:2 25.07 29.92 29.83 15.18
2:1 16.73 13.39 44.57 25.31
1:1 26.63 14.82 34.28 21.77CCR2
1:2 10.92 18.10 52.78 18.20
2:1 3.04 6.21 60.88 29.87
1:1 35.94 17.33 33.12 13.61CCR3
1:2 45.53 27.15 23.27 4.05

In the view of paving asphalt6, saturates components worsen asphalt
property. The less the saturate content is, the better the asphalt quality
is. The saturate concentration must be controlled to a limited amount
in high grade paving asphalts. Aromatic component can dissolve
micelles formed by resins and asphaltenes and is a necessary
component to make asphalt in the sol-gel state that has high viscous-
elastic effects. Resin is the key component for the good viscous-
elastic property. Asphaltenes act as enters for promoting the
formation of the micelles. It also adsorbs resin. So a certain amount
of asphaltenes is also necessary to form micelles. But excessive
amount of asphaltenes will result to low penetration, high softening
point and low ductility.  In fact, the first two products listed in Table
3 (rows 2 and 3) have demonstrated their satisfaction in meeting the
Chinese National Standard (GB/T 15180-94) for high grade paving
asphalt in terms of penetration, softening point and ductility.
Rheological properties of the asphalts: Rheology properties are
important in determination of asphalt application, especially in road
paving7. The changes in viscosity of a number of asphalts with
temperature at a number of spin rates were measured. Figure 3 shows
viscosities of three asphalts, a commercial product and two co-
hydrogenation products, at various temperatures and a spin rate of 1
rpm. The latter two were obtained from co-hydrogenation of Yanzhou
coal with CCR1 and CCR2 at a coal-to-CCR ratio of 1/1.

Fig. 3 Viscosity of asphalts

Generally, viscosities of the asphalts decrease with increases in
temperature and in spin rate, but the temperature ranges where the
viscosity changes the most are different. The curve in Fig. 3 for
asphalt #1, which meets the Chinese national standard for high way
asphalt, falls in the left side of Shell 90; while the curve for asphalt
#2, which does not meet the Chinese national standard for high way

asphalt, falls in the right side of Shell 90. Clearly, The rheological
properties of the co-hydrogenation asphalts can be controlled by
varying CCRs and the hydrogenation conditions. It is important to
point out that, compared to Shell 90, no additives were added in the
co-hydrogenation asphalts.
4. Conclusions
Co-hydrogenation of Yanzhou coal and CCR at mild conditions may
produce asphalt with properties similar to that of petroleum derived
high quality paving asphalt. Synergetic effects in asphalt yield
between the coal and CCR were observed. Compared to individual
hydrogenation of the coal and the CCR, the asphalt yield was
enhanced greatly. The properties of the asphalt produced can be
controlled by adjusting the CCR and the co-hydrogenation
conditions. High aromatic CCR can produce asphalt of good
rheology properties to meet the highway requirements.
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Abstract:
Bed materials in pressurized fluidized bed combustion (PFBC)

at various combustion conditions were characterized by SEM and
TGA to describe their morphology and reactivity. 270 MW output
conditions were found to keep bed material uniform, whereas 285
MW output conditions produced sintered egg (SE), sintered grain
(SG), and unburnt char (UC) among the bed materials. Normal
fluidization of uniform bed materials mainly at 270 MW output level
combustion. Poor fluidization at 285 MW caused several types of
adhering and agglomerating of bed materials was produced in the
boiler. Local heating during poor fluidization was suggested to cause
the formation spherical particle through the melting and melted
surface particle of SE to be flat. Fine particles of aluminasilicate
adhered to the melted surface to form porous surface.

Introduction
Pressurized fluidized bed combustion (PFBC) of coal has been

recognized as an advanced coal firing process to achieve high thermal
efficiency through combined cycles, high combustion efficiency for
poor coals of low reactivity, and environmental protection using
calcium minerals as bed material [1].

Several PFBC plants have been operated in Japan. There are
reported several problems in PFBC operation.  One of the problems
is reported poor fluidization at the high-level load operation
producing agglomerates among bed materials.

In the present report, bed materials at two combustion
conditions (270 and 285 MW outputs) were recovered from the
bottom of a commercial PFBC boiler to be characterized by SEM-
EDAX and TGA in terms of its morphology and weight loss change
by the heat treatment. Through such analysis, mechanism of
formation is discussed to propose way how to reduce such problems.

Experimental
Bed materials (BM) in PFBC operated at load levels 270 and

285 MW were recovered from the bottom of 360 MW PFBC boiler
were used as samples. Uniform particle of BM at 270 MW output
level was called BM270. Bed materials at 285 MW output level were
separated by hand picking up into similar particles being called
BM285. BM285 carried sintered egg (SE), sintered grain (SG), and
unburnt char (UC). BM270, BM285, SG, SE, and UC were
characterized by SEM-EDAX (JEOL JSM-6320F) and TGA (Seiko
Instruments 220).

Result and Discussion
270 MW output level

Bed materials produced from PFBC at 270 MW output level
contained uniform particles as shown in Figure 1a. Morphology of
BM270 shows porous on the surface of the CaCO3 as shown in
Figures 2a and 2e. Around 1 �m calcium aluminasilicate particles
were melted and bonded together to form outer face of BM270
particle. Uniform surface of BM270 showed no local heating during
combustion. TG/DTG profile of BM270 showed weight loss 35%wt
at 700oC suggesting CaCO3 decomposition. BM270 commonly
contained CaCO3 and small amount of calcium aluminasilicate on the

outer surface. Limestone as raw bed materials of PFBC was
suggested to be core particle of BM270. Its surface react with SOx

released from coal combustion and was covered by aluminasilicate
particle from coal ash.

285 MW output level
285 output level of PFBC produced several kinds of bed

materials which could be separated by hand picking up BM285,
carried sintered egg (SE), sintered grain (SG), and unburnt char (UC)
as shown in Figure 1b

Major part of BM285carried similar outer face to that of
BM270, carrying porous faces. TG/DTG showed 40% weight loss at
700oC like BM270, indicating major core of limestone. Some spheres
were unusually observation on surface of BM285. Such spheres were
of CaO, SiO2 and Al2O3 fine particles, which were fused together to
form sphere and to be adhered onto the surface of limestone.

Sintered egg (SE) found at BM285 was shown in figure 1c. The
morphology of SE shows melted surface with several fine particles
adhered on the outer surface. TG/DTG profile of SE shows only 5%
weight loss during heating in the air atmosphere. Small amount of
CaCO3 contained in SE. Melted surface of calcium aluminasilicate
suggested fusion and adhesion of fine particle of CaO, SiO2 and
Al2O3 to for SE at the high indicating temperature due to local
heating.

Figure 1d shows sintered grain (SG) particle. Very fine particle
(around 0.1 �m) sintered and bonded together to form SG. No
weight loss occurred during heat treatment to 1000oC in air
atmosphere. A very fine particle of aluminasilicate was suggesting to
form SG.

Unburnt char (UC) was also picked up among BM285. It was
combusted completely in TGA. Insufficient oxygen or short time
residence in the boiler may cause the production of UC.
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Figure 1.   Photograph of bed material (BM) recovered from PFBC boiler:  (a) BM 270/360 MW,
(b) BM 285/360 MW, (c) Sintered egg, and (d) Sintered grain.
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Figure 2.  SEM photograph of:  10,000 x magnification of (a) BM270, (b) BM285, (c) SE, and (d) SG; and 60,000 x
magnification of (e) BM270, (f) BM285, (g) SE, and (h) SG
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Introduction
The steam reforming of methane is a well established

industrial process for the production of synthesis gas (CO + H2)
1.

The reaction is favored at high temperature, where coke formation
is also a problem2. As a result, nickel – the most cost-effective
catalyst – is loaded on support material with additional promoters
that catalyze gasification of carbon (coke or of intermediates
leading to coke). Potassia3 and magnesia1 etc are known to
promote gasification by steam. However, catalyst deactivation due
to carbon deposition still exits in industrial production after
several months or years reforming reactions even with high
steam/carbon ratio4.

Many studies have been done on the mechanism of carbon
formation and the promoting effect of basic alkali, alkaline earth
metal oxides for decreasing of coke formation3. However, most of
the studies concentrated on what happened on the surface of Ni
metals, since most of the catalysts had been reduced at high
temperature to achieve fully reduction. Little is known therefore
about the effect of un-reduced Ni on the catalytic properties and
carbon formation.

Based on a previous research, a pretreatment procedure, where
the Ni supported catalysts were pre-reduced at 450˚C, was found to
give good catalyst performance5. However, the reduction of NiO
may become more difficult in the presence of Ca or K, etc.
Therefore, this work aims at studying the effects of pre-reduction
of K2O and CaO promoted Ni/Al2O3 catalyst on the reforming
catalysis and carbon formation. This kind of study may shed some
light on the causes of and ways to eliminate carbon formation.

A commercial reforming catalyst promoted with K2O and CaO
was chosen in this study for the steam reforming of methane at
different temperatures with different pre-reduction treatments.
Interesting results have been found that carbon formation is more
severe in the case of partially reduced Ni catalysts.

Experimental
Sample.  Two commercial catalysts were obtained from Süd

Chemie, one is the un-promoted (C11-9-09) with 1-15% NiO, 85-
99% Al2O3 (as per the data provided by vendor) and the other is the
promoted (G-91) with 15-25% NiO, 45-60% Al2O3, 5-15% CaAlO2,
5-15% CaO and 1-10% K2O.

Characterization. XRD patterns of the catalysts were
obtained using a Scintag powder Diffractometer with Cu Kα as the
radiation source. The reduction of the fresh catalysts were
characterized by conventional TPR with a heating rate of
10˚C/min in argon (Ar, 30 ml/min). H2-TPD was carried out on the
catalysts reduced in situ at different temperature followed by
purging with Ar. TPD profiles were then recorded by TCD detector
at 10˚C/min in Ar. Carbon formation on the used catalysts was
characterized by using a highly sensitive LECO RC-412
Multiphase Carbon Determinator, where the CO2 produced during
TPO was monitored by means of IR. SEM/EDX was also done for
the information of surface images and compositions of used
catalysts using HITACHI S-3500N Scanning Electron Microscope.

Reforming . The reaction of steam reforming of CH4 was
studied at three different temperatures, 450˚C (842˚F), 538°C

(1000˚F) and 649°C (1200˚F), under pressure of 200 psi (13.6
atm) with the feed H2O/CH4 molar ratio of 0.5. Space velocity
(WHSV) was kept at 30,000 cm3.g-1.h-1. About 0.1g catalyst
sample was placed in the middle of an Inconel 800 H alloy tubular
reactor (0.54” O.D. x 0.375” I.D. and about 16” in length). α-
Al2O3 spheres (2 mm I.D.) were filled up to the rest of the reactor.

Before admitting the reactants the catalysts were pre-reduced
in H2 (10 ml/min)-Ar gas flow (30 ml/min) at different temperature
for 75 min. Then the reaction run was started by introducing H2O
followed by CH4 feed (10 ml/min). A condenser was used to remove
un-reacted H2O after the reaction. Reaction products were analyzed
by on-line GC (SRI GC  8610C) using a packed silica gel column
and TCD detector. GC data were recorded every 30 min during a
time-on-stream (TOS) period of 300 min after the steady state
conditions were reached (15-30 min).

Results and Discussion
An intense XRD peak attributing to the diffraction of NiO

(012) still exits on the promoted G-91 catalyst after reduction at
450˚C, which disappears at higher reduction temperature.

TPR profiles as shown in Figure 1  confirm that the
promoters (K2O and CaO) make the reduction of NiO harder. In the
absence of promoter (curve a), the reduction of NiO starts at 300˚C
and peaks at 460˚C, so the pretreatment procedure that we
developed previously5 is suitable to achieve full reduction of NiO.
On the contrary, the reduction of same metal oxide over G-91
catalyst could not occur until temperatures higher than 400˚C, and
the Tmax of the first TPR peak (curve b) is around 500˚C. A second
TPR peak appears and is probably due to the reduction of less
reducible NiO-CaO-K2O solid solution. Therefore, partly reduced
NiOx (x≤1) remains after pre-reduction at 450˚C.

H2-TPD of G-91 catalyst after 450˚C reduction shows
relatively smaller peak at around 120˚C than those reduced at
higher temperature (figures not shown). However, two additional
H2-TPD peaks at higher temperature (350˚C and 600˚C) can be
found in the case of 450˚C reduction, which might be due to the
desorption of H2 bounded to NiOx  during the purging process in
Ar.  

Figure 1. TPR profiles of un-promoted C11-9-09 (a) and
promoted G-91 (b) catalysts.
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Table 1. Results of Methane Steam Reforming on
G-91 Catalysts (H2O / C H 4: 0.5, 200 psi, TOS: 5 h)

450 538 649

Tred. (˚C) Tred. (˚C) Tred. (˚C)
Trex
(˚C)

450 850 538 649 850 450 649 850
Conv
(%) 25.1 17.3 14.6 7.1 28.7 22.9 24.0 23.4

Yield
   H2 6.5 6.6 15.0 12.0 13.0 27.5 27.2 28.3

CO 0 0 0 0 0 4.2 3.8 4.4

CO2 3.3 3.5 7.3 2.2 6.2 9.1 9.5 9.7

* Trex.: Reaction temperature, Tred.: Pre-reduction temperature.

Steam reforming catalysis results of G-91 catalyst (TOS = 5 h)
are listed in Table 1 . There are no big differences among the
activity and product yields of the same catalyst after different pre-
reduction treatments, especially at reaction temperature of 649˚C.
This is probably because that the H2 produced during the steam
reforming will eventually reduce the NiOx to Ni, which therefore
acts as the same active sites for methane steam reforming as the
case of pre-reduction at higher temperature.

However, it is worth noting that, there is a trend of the
decreasing amount of carbon deposition with the increase of pre-
reduction temperature as analyzing the used catalysts by TPO-IR.

Figure 2  shows the TPO-IR patterns of G-91 catalyst pre-
reduced at different temperature followed by 5 h reforming reaction
of methane at 649˚C. Several peaks are presented in all samples,
as noticing that the curves in Figure 2 are drawn in different scales.
The amount of the peaks at lower temperature (<400˚C) almost
keep constant in all cases, which are probably due to the
desorption of CO2 chemisorbed on Ni supported catalysts during
reforming reaction. Therefore these peaks may not relate directly
to the carbon deposited. The peak with Tmax at 600˚C is the
oxidation of carbon filament, which is in accordance with
literature work6.

Figure 2. TPO-IR spectra of G-91 catalyst pre-reduced at 450˚C
(a), 649˚C (b), and 850˚C (c) followed by steam reforming of
methane at 649˚C for 5 hours.

It is very interesting to note that the amount of filament
carbon significantly increases with decreasing temperature of pre-
reduction, especially at reduction temperature of 450˚C where NiO
has not been fully reduced.

This observation indicates that formation of carbon filament
can be enhanced on partially reduced NiOx/Al2O3 catalyst when
compared to fully reduced Ni/Al2O3 catalyst.

Figure 3 shows the SEM pictures of the used G-91 (after 5 h
TOS) catalysts that were pre-reduced at 450˚C and 649˚C,
respectively. Significant amount of carbon filament can be easily
found in the case of lower-temperature pre-reduction, while it i s
less obvious in the case of higher reduction temperature.

All these results seem to correlate well with each other.
Although the partially reduced NiOx in the promoted reforming
catalyst can be eventually fully reduced under high temperature
reaction conditions, certain species in partially reduced catalyst
may act as an active site for the initial carbon formation, which
could be accumulated to become severe. Therefore, care should be
taken to achieve full reduction of the promoted Ni catalysts before
the reforming reaction, particularly when using lower
steam/carbon ratios.

Figure 3. SEM pictures of G-91 catalyst pre-reduced at 450˚C
(above) and 649˚C (below) followed by steam reforming at 649˚C
for 5 hours.

C o n c l u s i o n s
The present work reveals that there is a significant effect of

pre-reduction treatment on the carbon formation during steam
reforming of methane over promoted Ni/Al2O3 catalyst. The
partially reduced catalyst enhances carbon formation when
compared to fully reduced catalyst, possibly because some species
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in partially reduced catalyst (NiOx?) acts to promote the initial
carbon formation.
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Introduction 
Metals in petroleum (mainly nickel and vanadium) often cause 

serious problems in the catalytic cracking and the hydrodesulfurization 
units, such as blocking the pores, fouling the active sites and changing 
the selectivity of the catalyst. So it is necessary to remove these metals 
in advance. And a better understanding of the chemical properties of 
metal containing compounds in petroleum would lead to develop an 
effective and economic demetallation process. 

At present, as only some nickel and vanadyl porphyrins have been 
isolated from petroleum and identified, and a little is known about 
other metal containing compounds, so most of demetallation studies 
have been devoted to metal porphyrins. Many investigators (1-4) have 
studied the catalytic hydrodematllation of nickel and vanadyl 
porphyrins and a sequential HDM mechanism has been proposed, but 
the demetallation reaction mechanism in the absence of a catalyst 
seems to be unclear. In the present study, the demetallation reaction 
mechanism of nickel and vanadyl 2,3,7,8,12,13,17,18-
octaethylporphyrins (NiOEP and VOOEP) in the absence of a catalyst 
at temperature from 613 to 653 K and pressure of 3 and 9 MPa H2 is 
described. 
Experimental 
  NiOEP and VOOEP (Aldrich, >97%) were employed as model 
compounds. A liquid paraffin free of sulfur, nitrogen and metals was 
used as a solvent and purchased from Beijing Chemicals. The method 
of dissolving the model compounds in the liquid paraffin was based on 
the description by Hung and Wei (1).  
  All experiments were performed in a high-pressure and high-
temperature reactor system, which was previously described (5). The 
flow of gas feeds (H2 or N2) was controlled through a gas flow meter, 
and liquid feeds (metal porphyrin solutions) was pumped into the 
reactor and mixed with hydrogen at the top of the reactor tube. The 
reactor tube had a length of 50cm and inside diameter of 0.6cm, and it 
was packed with 20~40 mesh inert silica. Although the temperature 
distribution of the reactor tube was not uniform, there was a constant 
temperature zone of about 5 mL in the middle of the reactor tube. 
Therefore this zone was used as the working section. The system 
operated in a down flow mode. 
  HDM experimental conditions in the absence of a catalyst are listed 
in table 1, and the volume ratio of H2 to liquid feed is 250:1 for all the 
runs. In addition, in order to examine whether there are thermolysis 
reactions for NiOEP and VOOEP at the temperature ranging from 
613K to 653K, H2 is replaced with N2. The volume ratio of N2 to 
liquid feed is also 250:1, and the other experimental conditions are 
given in table 2. 

Liquid samples were subjected to atomic absorption 
spectrophotometry (AAS) and ultraviolet-visible (Uv-vis) 
spectrophotometry. A flame atomic absorption spectrophotometer 
(WFX-1F2B) was used to determine the total nickel concentration 
and a nonflame atomic absorption spectrophotometer (HITACHI Z-
8000) with a graphite furnace system the total vanadium content. The 
metal porphyrin or porphyrinic metal concentration measurement was 
made on an Uv-vis spectrophotometer (VARIAN CARY 50) 
according to the characteristic peaks of metal porphyrins, and 

simultaneously their electronic spectra were recorded on this 
instrument. 

Table 1 HDM Conditions 
Run 
no. 

Porphyrin 
type 

Ni or V concn 
in feeds, ppm 

Temp, K H2 pressure, 
MPa 

1 NiOEP 7.06 613 9 
2 NiOEP 7.92 633 9 
3 NiOEP 8.46 653 9 
4 NiOEP 7.92 633 6 
5 NiOEP 7.92 633 3 
6 VOOEP 8.21 633 9 

Table 2 Thermal Reaction Conditions 
Run 
no. 

Porphyrin 
type 

Ni or V concn 
in feeds, ppm 

Temp, K N2 pressure, 
MPa 

7 NiOEP 2.40 633 6 
8 NiOEP 2.40 653 6 
9 VOOEP 2.44 633 6 

 
Results and Discussion 
  In our experiments, there was no gas resultant and the liquid product 
yield was 100w%. Metal porphyrin conversion (MPC) was defined as 

%100
,

,, ×
−

=
feedMP

productMPfeedMP

C

CC
MPC  

where CMP,feed represents the metal porphyrin concentration in feeds 
and CMP,product the metal porphyrin concentration in liquid products. 
The demetallation yield (DMY) of metal porphyrin was defined as 

%100
,

,, ×
−

=
feedM

productMfeedM

C
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DMY  

where CM,feed represents the metal concentration in feeds and 
CMP,product the metal concentration in liquid products. 

Table 3 MPC and DMY 
(The liquid feed flow was 0.3mL/min) 

Run no. MPC DMY 
1 29.1 27.5 
2 33.4 30.6 
3 47.0 39.5 
4 27.7 25.8 
5 19.9 18.3 
6 38.5 34.6 
7 0 0 
8 0 0 
9 0 0 

  For all the runs, when the liquid feed flow was 0.3ml/min, MPC and 
DMY are given in table 3. In the presence of H2, even without a 
catalyst, the two metal porphyrins can be demetallated. By contrast, 
when H2 was replaced with N2, their MPC and DMC are both zero, 
and they don’t decompose thermally. Based on the above findings, it 
is conclude that H2 plays a key role during the demetallation reaction 
of the two metal porphyrins in the absence of a catalyst. 

For NiOEP and VOOEP, although MPC and DMY of the non-
catalytic HDM are lower than that of the catalytic HDM (5-6), their 
demetallation reaction mechanism appears to be same, i.e., the 
sequential HDM mechanism. This would be confirmed by the 
following facts. 

For every HDM run, MPC is always higher than DMY (table 3). 
This means that the concentration of total metal is larger than that of 
porphyrinic metal in liquid products, but the former is identical with 
the latter in feeds. Obviously there are newly formed metallorganics in 
liquid products. Figure 1 and 2 are the typical Uv-vis spectra of the 
feed and the liquid product during the non-catalytic HDM of NiOEP 
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respectively. Evidently, a new peak at 615nm occurs for the product 
(figure 3). Similarly, the typical Uv-vis spectra of the feed and the 
liquid product are shown respectively in figure 3 and 4 during the non-
catalytic HDM of VOOEP, and a new peak at 629nm appears for the 
product (figure 4). It is believed that the peak at 615 nm is of nickel 
octaethylchlorin and the peak at 629 nm is of vanadyl octaethylchlorin. 
The nickel or vanadyl octaethylchlorin is a dihydroporphyrin in which 
the peripheral double bond of one pyrrole group is hydrogenated; their 
structures are shown in figure5. 

 

Figure 1. Uv-vis Spectrum of the NiOEP Feed (Diluted with 
Liquid Paraffin) 

 

Figure 2. Uv-vis Spectrum of the Liquid Product during the Non-
catalytic of NiOEP (Diluted with Liquid Paraffin) 

To provide much proof that the two new peaks belong to nickel 
and vandyl chlorins respectively and they are the main stable 
intermediates during the non-catalytic HDM, we separated the 
reaction intermediates from liquid products by alumina adsorption 
chromatograph. The detailed procedure is as follows: (a) 25mL 
product was diluted with 25 mL n-heptane, then placed on the top of 
neutral alumina (100~200mesh, 1%H2O) in a glass column (15X250 
mm). As the purple liquid completely entered the alumina column, a 
little fresh alumina was placed on its top to cover it. (b) At first, 
elution with n-heptane removed a colorless metal-free fraction in 
which the unreacted liquid paraffin may be concentrated, and a purple 
fraction containing metal was adsorbed on the upper portion of the 
column. Secondly, when toluene (for the product of NiOEP HDM) or 
1:1 dichloromethane/toluene (for the product of VOOEP HDM) was 
used to elute the purple fraction, it was made into two colored 
fractions. A blue fraction for NiOEP or a green fraction for VOOEP 
came out of the column firstly, and a red band then was effluent. 

The above colored fractions were subjected to Uv-vis and MS 
analysis. The spectra of the red fractions are the same as that of feeds. 
The spectrum of the blue fraction is shown in figure 6, and the 
spectrum of the green fraction is given in figure 7. In figure 6, the 
ratio of the Soret band (397nm) to the 615nm band is about 2, which 
was found to be one of the most typical characteristics of nickel 
octaethylchlorin (7). MS measurement indicated that NiOEP and the 
blue fraction have the molecular weights of 590 and 592 respectively, 

and VOOEP and the green fraction have the molecular weights of 600 
and 602 respectively. 

 

Figure 3. Uv-vis Spectrum of the VOOEP Feed (Diluted with 
Liquid Paraffin) 

 

Figure 4. Uv-vis Spectrum of the Liquid Product during the 
Non-catalytic of VOOEP (Diluted with Liquid Paraffin) 

 

 
Figure 5 Structures of Nickel and Vanadyl Octaethylchlorin  

 

Figure 6. Uv-vis Spectrum of Nickel Octaethylporphyrin in 
Toluene 
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Figure 7. Uv-vis Spectrum of Vanadyl Octaethylporphyrin in 

dichloromethane/toluene 
 

Table 4.  CM, CM, MP and CM, MC of the Liquid Products of Run 3  
Liquid feed 

flow, mL/min 
CM, 
ppm 

CM, MP, 
ppm 

CM, MC, 
ppm 

0.1 2.94 2.47 0.46 
0.3 5.14 4.49 0.62 
0.6 6.30 5.73 0.58 
1.0 7.13 6.68 0.48 
2.0 7.76 7.42 0.38 

The separated metal chlorins were dissolved in the liquid paraffin. 
Their absorption coefficients were determined through AAS and Uv-
vis. According to the coefficients, the chlorinic metal concentration 
was measured during the non-catalytic HDM. The sum of porphyrinic 
metal concentration (CM, MP) and chlorinic metal concentration (CM, MC) 
is approximately equal to the total metal content (CM) in liquid 
products, which is shown in table 4. All the above findings confirm 
that the metal chlorins are the main stable intermediates during the 
non-catalytic HDM of NiOEP and VOOEP. 
Conclusions 

In the presence of N2, NiOEP and VOOEP are stable at the 
temperature ranging from 513K to 653K. In H2, however, even 
without a catalyst, they are not stable and metals are demetallated. 
The non-catalytic HDM reaction mechanisms of NiOEP and VOOEP 
are similar to their catalytic HDM mechanisms, firstly being the 
hydrogenation of metal porphyrin to metal chlorin, followed by the 
hydrogenolysis of metal chlorin which fragments ring system and 
results in demetallation. 
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Thermal-cracking and catalytic hydro-cracking reaction of 

tetralin and normal eicosane with steady isotope 

SHI Bin      QUE GuoHe 

(National Laboratory of Heavy Oil Processing, University of 

Petroleum, Dongying, 257062;PRC) 

Introduction 

 Hydrogen donors were used in coal liquefaction(1) and residue 

conversion(2), in which hydrogen donors were important in inhibiting 

the coke formation. Because coal and petroleum residue structures 

have been unclear, a study of the reactions of coal- or petroleum 

residue-related model compounds is a powerful approach in 

hydrogen-transfer between hydrogen donors and complex 

macromolecule. This paper reports the effects of hydrogen donor and 

H2 on thermal-, hydro-, catalytic hydrocracking of n-C20 and 

hydrogen transferring between normal hydrocarbon and hydrogen 

donor. 

Experimental  

Normal C20 was used as reagent, and 1-methylnaphthelene 

(98%pure) as aromatic solvent, tetralinC10H12 (99.3%) as hydrogen 

donor, detuerated tetralin C10D12 (98%D, Aldrich provided) as 

deuterated H-donor for tracking the hydrogen-transfer between 

hydrogen donors and normal hydrocarbon. The experimental 

procedure was as literature (4). The reaction products were recovered 

with chloroform and analysed by GC and GC-MS.  

Results and Discussion 

Thermal-, hydro-cracking, catalytic hydro-cracking of n-C20 was 

performed, while thermal- or hydro- cracking of n-C20 in hydrogen 

donor (tetralin,THN) or aromatic solvent(1-methylnaphthelene ,1-MN) 

were also carried out as comparison . Distribution of the reaction 

products was displayed in Figure1. It seems that distribution in 

carbonic number of the products in the four cracking reaction have 

not changed, however, the catalytic hydrocracking of n-C20 could 

crack more than hydrocracking and thermal cracking of n-C20. On the 

other hand, it is clear that in the presence of H-donor or aromatic 

solvent, especially in the presence of H-donor, inhibited cracking of 

n-C20. What is different was that the ratio of n-alkanes to α–olefins 

in thermal cracking and thermal-cracking with aromatic solvent was 

about 1:1, and that in thermal–cracking in H-donor decreased to about 

1:0.5. The proportion of α–olefins in hydrocracking of n-C20 

remained about 15~10% and hydrocracking of n-C20 with H-donor 

hardly gave α–olefins. Catalytic hydrocracking of n-C20 without or 

with THN brought about no α–olefins. It is obvious that hydrogen-in-

gas and hydrogen provided from H-donor could have hydrogenated 

the olefins resulted from cracking of n-C20 and the former could 

enhance cracking of n-C20 and the latter could inhibit cracking. 

Deuteron as steady isotope of hydrogen could be used to 

investigate the mechanism of hydrogen–transferring (3). In the 

following experiment, C10D12 was used as deuterated H-donor for 

tracking hydrogen-transferring between hydrogen donors and 

hydrocarbon. From Table2, it is found that deuterated H-donor 

existed a substantial isotopic kinetic effect in the thermal cracking 

system and that the isotopic kinetic effect was reduced in the 

hydrocracking and catalytic hydrocracking system. H- or D-donating 

yields at high temperature were more than in low temperature since 

more radicals could yield by high temperature and get scavenged by 

H-donor. 

During initialization or propagation of the thermal radicals of n-

C20, hydrogen donation from tetralin for s cavenging thermal radicals 

of n-C20 could strongly affect the thermal cracking of n-C20. That is to 

say, the hydrogen from tetralin could scavenge the radicals of n-C20 

and the cracking of n-C20 would be inhibited. This reaction could also 

affect hydrocracking and catalytic hydrocracking of n-C20.  

Fig 2~4 show the GC-MS of the recovered n-C20. From the 

M+1or M+2 peak, there existed one deuterium in the paraffinic chain, 

except that there were two deuteriums in the catalytic hydrocracking 

system. It is clear that deuterium was from deuterium-donor and 

could be used to scavenge radicals of n-C20. The MS of the recovered 
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C10D12 showed C10D12 had experienced H-D exchange in Fig 5~7. 

Except the molecular peak144, the peaks from 143 to132 were the 

molecular peaks of tetralin, which had experienced H-D exchange. It 

is clear that H-D exchange in catalytic hydrocracking system was the 

most, and in hydrogen atmosphere was stronger than in nitrogen 

atmosphere.  

 2H-NMR analysis of D12 -THN, which was separated and 

recovered by small-scale liquid chromatography showed that the 

2.63ppm peak of Dα of recovered D12 -THN, was smaller than that of 

1.70ppm Dβ from Fig 8. The ratio of Dα and Dβ was 0.856 (thermal 

cracking), 0.726(hydro-cracking), 0.695 (catalytic hydro-cracking).  It 

is clear that the dehydrogenation of tetralin was selective and the α-

hydrogen of naphthenic ring was easier to dehydrogenate than the β- 

hydrogen. 

 1H-NMR analysis of D12 -THN displayed the same trend of the 

dehydrogenation of tetralin. It is shown that  dehydrogenation of 

tetralin was stepwise and hydrogen could be abstracted by the 

radicals and then β could be continued, when H2 atmosphere could 

rehydrogenation on the abstracted tetralin, this is the "hydrogen 

shuttle" in the catalytic hydrocracking system.  

The scheme of reaction mechanism between eicosane and D12 -

THN in the cracking system would be suggested in Fig.9.  Fig.9 

shows the H-D exchange reaction between tetralin and n-C20 in the 

thermal cracking have been transformed into the rehydrogenation of 

tetralin in hydrocracking and catalytic hydrocracking system under 

H2 atmosphere.  

Conclusion 

1. It is found that the effect of hydrogen donor was inhibition of 

cracking reaction and hydrogen atmosphere and dispersed catalysts 

were enhancement of cracking. 

2. Hydrogen donor or H2/dispersed catalyst could perform the 

saturation of the radicals and decrease the yield of olefins. 

3. Inhibition of cracking of normal hydrocarbon with tetralin was 

ascribed to the dehydrogenation of tetralin for scavenging the thermal 

radicals. 

4. There existed a substantial isotopic kinetic effect of deuterated 

tetralin in the cracking system under nitrogen and under hydrogen, 

and the isotopic kinetic effect could reduce in the cracking system 

under hydrogen. 

5. Hydrogen (or deuterium) donation of hydrogen donor 

depended on reaction temperature and number of radicals in reaction 

system. 

6.The dehydrogenation of tetralin was stepwise and the α-

hydrogen of naphthenic ring was easier to dehydrogenate than the β- 

hydrogen. 
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Figure2 M+1 peak of recovered eicosane scavenged by deuterium 

under nitrogen 
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Figure3 M+1 peak of recovered eicosane scavenged by deuterium 

under hydrogen 

Figure 4 M+1 and M+2 peak of recovered eicosane scavenged by 

deuterium in catalytic hydrocracking system 
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Figure5 MS of recovered D12-THN in thermal-cracking system 
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Figure 6 MS of recovered D12-THN in hydrocracking system 
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Figure 7 MS of recovered D12-THN in catalytic hydrocracking 

system 

 

Figure8 2H-NMR of recovered D12-THN in the cracking system 
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Figure9 Scheme of reaction mechanism between eicosane and D12 

-THN in the cracking system 
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Table 1  Hydrogen(or deuterium) donating yields of  THN reacted  with  eicosane  /W% 
 

T(oC) N2 N2 H2 H2 H2+Mo H2+Mo 

 H12-THN D12-THN H12-THN D12-THN H12-THN D12-THN 

430 6.14 2.96 18.43 10.31 11.79 8.38 
440 11.62 7.17 30.36 22.78 23.10 19.45 

Note: eicosane /THN=0.100 g /0.100g;initial nitrogen pressure 7.0Mpa; durance time:1hr; Mo/ eicosane=1.0w% 
 

Table2 2H-NMR of recovered D12 -THN experienced different hydrocracking 
 

 D12 -THN Dα D12 -THN Dβ D12 -THN AD 
Peak shift  (ppm) 2.63 1.70 6.93 

thermal-cracking system 0.267 0.312 0.421 
hydro-cracking system 0.244 0.336 0.420 

catalytic hydro-cracking system 0.248 0.357 0.395 
 

Table 3 1H-NMR of recovered D12 -THN experienced different cracking 
 

 D12 -THN Hα D12 -THN Hβ D12 -THN AH 
Peak shift  (ppm) 2.60 1.70 7.02 

thermal-cracking system 0.40 0.35 0.25 
hydro-cracking system 0.46 0.35 0.26 

catalytic hydro-cracking system 0.40 0.30 0.35 
 

 

Figure1 Distribution of carbonic number in thermal-, hydro-and catalytic cracking of n-C20 in 440 oC 
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CARBON DIOXIDE: AN EFFECTIVE SOURCE OF
CARBON FOR THE CHEMICAL INDUSTRY

Michele Aresta

University of Bari and METEA Research Center
Department of Chemistry, Campus Universitario, 70126 - Bari, Italy,

fax +39 080 544 2083, e-mail:aresta@metea.uniba.it

Introduction
The overall CO2 mass used in industrial (chemical and

technological) applications is at present limited to ca. 100 Mt per
year1. Only four industrial processes based on carbon dioxide are on
stream, two of which are more than one century old [synthesis of urea
and salicylic acid] and do not require any catalyst. The two other
processes are: the carboxylation of epoxides, and methanol synthesis,
which require both metal catalysts.

However, the utilisation of carbon dioxide as a source of carbon
in synthetic chemistry appears very attractive in view of the fact that,
if recovery of carbon dioxide will be adopted as a technology for
controlling its emission into the atmosphere, large amounts will be
easily available. The products that can be conveniently obtained from
carbon dioxide can be categorized as:
i) Fine or commodity chemicals, i.e. molecules containing

functionalities such as: -C(O)O- acids, esters, lactones; -O-
C(O)O- organic carbonates; -N-C(O)O- carbamates; -N-C(O)-
ureas, amides;

ii) Products for the energy industry, i.e., energy-rich C1 molecules
(HCOOH, CO, CH3OH) and Cn hydrocarbons or their
derivatives.

Developing industrial processes in these areas would produce
the following advantages:

 i) replacement of multistep processes with more direct synthetic
procedures with waste reduction at source and atom economy, ii)
implementation of alternative ways to processes presently based on
more toxic or expensive materials, iii) raw materials diversification,
and iv) recycling of carbon.

A point that must be emphasized is that speaking of "avoided
CO2", one should consider not only the amount of CO2 recycled
through its fixation in chemicals, but also the amount of CO2 not
produced by implementing the atom efficiency and waste
minimization principles.

Results and Discussion
The carbon dioxide-utilizing reactions mentioned so far, can be

divided into two main categories from the energetic point of view.2

Class 1
Reactions in which the whole carbon dioxide molecule is used.

The substrate (amines, unsaturated hydrocarbons) is the energy
vector and the amount of extra energy, if required, is usually very
low. These reactions include the  carboxylation reactions with the
formation of a C-C or C-heteroatom bond (C-E; E=O, N, P, other
element).

Class 2
Reduction reactions to C1 or Cn species, using dihydrogen,

electrons, or heat as energy source.
All these reactions are common to, and very important in,

biological systems (plants and bacteria), in which several enzymes
involved in carbon dioxide utilisation are metal enzymes with the
metal acting as the active site.

A great emphasis has been put on elucidating the role of CO2-
metal complexes, in which CO2 is either η2-C, O or µ-bonded to one
or more metal centres, in carbon dioxide reduction or in its reaction
with olefins to afford carboxylates. This issue is relevant to the more
general question if the coordination of CO2 to a metal is a necessary
prerequisite for CO2 fixation onto an organic substrate. Available
data suggest that such co-ordination is necessary in the reduction to
CO.

In carboxylation reactions either the olefin is activated first, or a
concerted three-centre mechanism may operate.  The carboxylation of
unsaturated hydrocarbons (alkenes, alkynes, butadienes, allenes) has
been recently developed with interesting yield and selectivity (>90%)
using transition metal complexes as catalysts. In all cases the homo
coupling of substrates is a concurrent process with the hetero-
coupling substrate-CO2. The solvent and the carbon dioxide
concentration in solution play an important role in driving the
reaction in either directions.

Methanol may have a large market as fuel or intermediate and its
synthesis from carbon dioxide attracts the attention and interest of
several research groups all over the world in order to define its
potential.  The use of carbon dioxide (Eq. 1) has as major draw-back
the higher consumption of dihydrogen with respect to CO.

CO2        +      3 H2                      CH3OH       +       H2O                          (1)

However, higher selectivity and better yields may counterbalance
such apparent negative point.

The implementation of innovative synthetic technologies based
on CO2 can considerably contribute to the reduction of carbon
dioxide emission. The avoided amount is not simply represented by
the amount of fixed CO2. New synthetic methodologies implementing
the principles of atom economy, solvent shift, waste minimisation at
source, use of less noxious materials and carbon recycling, contribute
to CO2 reduction in many different ways, which cannot be discovered
and quantified by simply looking at the stoichiometry of a reaction.3

Acknowledgement.  This work was supported by MURST,
Project no. 9803026360 and MM03027791

References

(1) Aresta, M.;  Quaranta , E. – ChemTech., 1997, 32-40.
(2) Aresta, M.; Dibenedetto, A. - ACS Book on CO2 Conversion and

Utilisation, 2001
(3) Aresta M.; Tommasi I.; Dibenedetto A. - Energy&Fuels, 2001, 15, 2,

269-273.



HYDROGEN ABSTRACTION FROM 
ALKYLAROMATICS WITH CO2 

 

 

 

 

Sang-Eon Park 

Catalysis Center for Molecular Engineering,  
Korea Research Institute of Chemical Technology (KRICT), 

P.O. Box 107, Yusung, Taejon 305-600, Korea 
 
Introduction 

Catalytic conversion of CO2 has been extensively studied as 
an important issue for last decade. However, utilization of carbon 
dioxide as an oxidant evokes emerging interest on new way of 
chemical fixation of CO2.1,2 Several examples have proved that 
CO2 can play as soft oxidant in the various catalytic oxidative 
reactions by CO2 alone or together with O2, resulting in improved 
activities and selectivities.3 

Dehydrogenation of aromatic hydrocarbons with benzylic 
hydrogen leads easily to aromatic hydrocarbons with α-olefin 
group through the hydrogen abstraction of benzylic C-H bond by 
surface oxygen of heterogeneous catalyst. This step is considered 
to be a rate-determining one. A representative example of such 
reactions is the dehydrogenation of ethylbenzene to styrene. It has 
been already proposed that for this reaction CO2 plays a role as the 
soft oxidant to abstract the hydrogen atom from ethylbenzene.4,5 It 
is worth verifying if carbon dioxide acts on dehydrogenation of 
other aromatic hydrocarbons. 

The oxidation of alkylaromatics is an important commercial 
reaction. Discovery of bromide promoted metal catalysts in 19546 
for the oxidation in presence of molecular oxygen evolved into one 
of the major industrial processes. The cobalt-based catalysts have 
been developed with different promoters (Br, Mn, Zr, Mo, Hf, Ni, 
Cr etc.) for the last four decades.7 The promotional effects of 
several transition metal promoters have been reported for the 
oxidation reactions.7 On the other hand, the unexpected function of 
CO2 as a co-oxidant and/or oxidation promoter was reported in the 
early 1990s for the vapor phase oxidation of aromatic compounds,8 
and recently the similar effect has been found for the MC-type 
oxidation of xylenes to the corresponding dicarboxylic acids with 
Co/Mn/HBr in the liquid phase.9 

Here, the effect of carbon dioxide as the soft oxidant is 
demonstrated in both oxidative dehydrogenation of alkylaromatics 
to corresponding olefins and oxidation of alkylaromatics to 
corresponding aldehydes and acids.  

Experimental 
For dehydrogenation of aromatic hydrocarbons with CO2, 

Al2O3-supported vanadium-antimony binary oxide (V-SbOx/Al2O3) 
catalyst was prepared by impregnation of aqueous solutions of 
ammonium metavanadate and antimony (III) chloride onto 
activated alumina. The impregnated sample was dried at 100oC and 
then calcined in air at 600oC for 4 h. The content of V2O5 and 
Sb2O3 was 7.5 wt% and 15.5 wt%, respectively. Dehydrogenation 
of alkylaromatics was carried out in a micro-activity test unit 
(Zeton, MAT 2000) with a fixed bed reactor at 600oC under 
atmospheric pressure. The liquid and gas products were analyzed 
by GC (Donam Corp., DS6200) equipped with FID and TCD, 
respectively. Effluent gases from the reactor were analyzed by a 
gas chromatograph (Chrompack CP9001) equipped with a thermal 
conductivity detector (TCD). 

For oxidation of alkylaromatics, the required quantity of the 
catalyst and reaction the mixture was taken in a 150 ml Teflon-
lined reactor and pressurised either with CO2 or N2 and raised the 
temperature to its optimum level and the optimum pressure was 
balanced by N2. The O2 was admitted to the reactor and measured 
the O2 consumption with the help of pressure transducer connected 
to the oxygen chamber. The products were analysed by GC using 

DB-1 capillary column and FID. The solid products (carboxylic 
acids) were esterified and analysed as methyl esters. The products 
were confirmed by GC-MS. CoBr2 (0.54mmol) / Mn(OAc)2⋅4H2O 
(0.65mmol) / p-xylene (48.6mmol) / AcOH (420.6mmol) was 
exposed to reaction conditions with and without CO2 for ESR 
analysis. ESR measurements were conducted on Bruker ESR 
(EMX model) at 77K and DPPH was used as a g-marker. 

Results and Discussion 
Dehydrogenation of Alkylaromatics with CO2. The effect 

of CO2 in dehydrogenation of aromatic hydrocarbons such as 
ethylbenzene, 4-ethyltoluene, and cumene was examined at 500oC 
as shown in Table 1. Indeed, it is certain that carbon dioxide works 
very well in dehydrogenation of other aromatic hydrocarbons as 
the soft oxidant to increase the conversion as well as selectivity. 
Thus, CO2 stream gave beneficial effect on dehydrogenation of 
aromatic hydrocarbons in terms of reactant conversion, indicating 
the oxidant role of CO2 in abstraction of hydrogen atom from the 
benzylic C-H bond. The dehydrogenation of ethylbenzene showed 
very high selectivity even under nitrogen stream, but other two 
reactants exhibited the increased selectivity to their 
dehydrogenated products in the presence of CO2. The enhancement 
of the dehydrogenation activity and the selectivity is certainly 
ascribed to the promotional effect to the oxidative process by 
excess carbon dioxide since high conversion of CO2 comparable 
with the conversion values of aromatic reactants was obtained. 
This result implies that the initial hydrogen abstraction of aromatic 
hydrocarbons was much facilitated by carbon dioxide. 
Dehydrogenation of cumene to α-methyl styrene was easier than 
those of other reactants and, especially, this reaction was much 
accelerated by carbon dioxide.  

 
Table 1. Effect of carbon dioxide for dehydrogenation of 
alkylaromaticsa 

Reactant  Carrier Conv. 
(%) 

Selec. 
(%) 

X(CO2) 
(%) 

H2O 
/H2

b 

N2  28.6 98.3 - - 
 Ethylbenzene 

CO2  38.3 98.1 30.2 2.8 

N2 23.1 89.7 - - 
4-Ethyltoluene 

CO2 33.9 91.8 27.5 4.7 

N2 33.4 93.6 - - 
Cumene 

CO2 50.7 95.8 42.2 3.8 
aReaction conditions: Catalyst: V-SbOx/Al2O3, cTemp. = 500oC, 
LHSV = 1.0 h-1, CO2/reactant = 10/1, Time-on-stream = 2 h. 
bmolar ratio of H2O/H2 estimated in the gaseous products.  
*Notation: Conv., reactant conversion; Selec., selectivity of target 
product; X(CO2), CO2 conversion based on the reactant. 

 
In gas phase distribution of products, carbon monoxide, water, 

and hydrogen are observed together with a trace of methane. The 
ratio of H2O/H2 in the product stream is estimated to be 2.8, 4.8, 
and 3.8 for ethylbenzene, 4-ethyltoluene, and cumene, respectively, 
after 2 h on stream. The formation of water as well as carbon 
monoxide implies that on the V-SbOx/Al2O3 catalyst CO2 molecule 
dissociates CO and surface oxygen which can abstract hydrogen 
from aromatic hydrocarbons, and then results in the generation of 
water. Taking into account the formation of large amount of water, 
high activity for supported V-SbOx catalyst under CO2 carrier may 
be mainly ascribed to oxygen species dissociated from carbon 
dioxide molecule, thus due to the promotion of the oxidative 
process by carbon dioxide. In other words, this indicates that 
carbon dioxide plays a role as the soft oxidant in dehydrogenation 
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Oxidation of Alkylaromatics with O2/CO2. The effect of 
CO2 in the liquid phase of alkylaromatics over Co/Mn catalyst has 
been shown in the Table 2. Initially the reaction was carried out 
with p-xylene which indicate s  that the yields of acids are 
considerably increased in the presence of CO2 under the similar 
reaction conditions. The study has been extended to other aromatic 
hydrocarbons such as toluene, p-toluic acid and ethyl benzene. The 
promotional effect of CO2 on toluene is shown in Figure 1, in each 
time interval the conversions are higher with CO2 and in the case of 
3h run the yield of benzoic acid is about 80% in the presence of 
CO2 where as in the absence of CO2 it is about 60% - the yield 
enhancement by the CO2 is about 20%. Further investigation of 
CO2 promotional effect has been made on p-toluic acid and found 
that the yield of terephthalic acid is 65 % with CO2 but in the 
absence of CO2 it is only 58 %. The catalytic activity in the 
oxidation of toluene and p-toluic acid followed the similar trend of 
p-xylene but in the case of ethyl benzene we observed different 
trend regarding product distribution. In the presence of CO2 
acetophenone is the main product whereas in the absence of CO2 it 
is benzoic acid. It is proposed that the abstraction of hydrogen (α-
C-H bond fission) from the ethylbenzene produces acetophenone 
via ethyl benzene free radical. In the absence of CO2 benzoic acid 
was produced by the C-C bond cleavage from the ethyl benzene.  
Aresta et al.10 observed the similar behavior in the oxidation of 
double carbon side chain alkylaromatics (styrene). 

Figure 1. Effect of CO2 in the liquid phase oxidation of toluene 
with Co/Mn catalyst. Conditions: Touene = 48.6 mmol, Acetic acid 
= 420.6 mmol, CoBr2 = 0.54 mmol, Mn(OAc)2⋅4H2O = 0.65 mmol, 
Ptotal = 12 atm(PCO2 = 0 or 4, PO2 = 2, N2 = Balance),  Temp. = 
150oC. 

 
Table 2. Effect of CO2 in the liquid phase oxidation of 
alkylaromatics with Co/Mn catalyst  

contributes to highly improved activities together with selectivities 
on one hydrogen molecule abstracted aromatics. The conventional 
cobalt and manganese catalyst was utilized for the oxidation of 
alkylaromatic hydrocarbons with O2/CO2 as co-oxidants. Carbon 
dioxide co-fed with O2 led to the selective control to produce the 
corresponding aldehydes and acids with the enhanced rates. 
Therefore, the main roles of CO2  in these oxidative reactions are 
found to enhance the selective hydrogen abstraction with the 
improved activities. 

Substrate PCO2 
(atm) 

Temp. 
(oC) 

Time 
(h) 

Yield 
(mol %) 

p-Xylene 4 170 3.0 TPA (34.8), p-TA 
(36.9), TPAL (2.4), 
p-TAL (1.7), others 
(24.2) 

p-Xylene 0 170 3.0 TPA (17.7), p-TA 
(47.9), TPAL (1.7), 
p-TAL (2.8), others 
(29.2) 

p-TA 4 190 3.0 TPA (64.9), others 
(10.6) 

p-TA 0 190 3.0 TPA (58.1), others 
(3.7) 

Toluene 4 150 3.0 BA (78.7), others 
(0.7) 

Tolune 0 150 3.0 BA (58.6), others 
(13.7) 

EBa 6 100 2.5 AP (52.6), BA (36.9), 
others (10.5) 

EBa 0 100 2.5 AP (19.4), BA (56.5), 
others (9.6) 
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Introduction 

Conversion of methane and carbon dioxide into synthesis gas 
(CO/H2) is an important route for reasonable utilization of natural gas 
resource. Carbon dioxide reforming reaction of methane was first 
studied by Fischer and Tropsch using Ni and Co based catalysts in 
1928 [1]. Recently the reforming reaction of methane with carbon 
dioxide on supported Ru, Rh, Pd, Ir, Pt, Mo or W carbide based 
catalysts has been studied by many other authors [2-10]. SiO2, Al2O3, 
TiO2, MgO, ZrO2, La2O3, NaY, NaZSM-5 were used as supporting 
materials of the catalysts for the reforming reaction. The Bronsted 
acid sites of the supports are not necessary for the reforming reaction 
on the traditional catalysts [8]. The reported traditional reforming 
catalysts are also active for the two-step homologation of methane 
[11-13]. It has recently been reported that Re/HZSM-5 is a promising 
catalyst for one-step activation of methane into aromatics and C2 
hydrocarbons [14,15]. However, the catalytic performance of 
Re/HZSM-5 for the reforming reaction of methane with carbon 
dioxide has not been studied so far. In the present paper, the 
reforming reaction of methane with carbon dioxide on the 
bifunctional Re/HZSM-5 and Mo/HZSM-5 catalysts has been studied. 
In addition, High pure hydrogen was directly produced from the two 
greenhouse gases of methane and carbon dioxide on the novel 
catalyst at mild temperatures by integration of the reforming reaction 
and H2 separation with a Pd membrane reactor. 

 
Experimental 

Re/HZSM-5 and Rh/HZSM-5 were prepared by impregnating 
NH4ZSM-5 • SiO2/Al2O3=30 •with NH4ReO4 and RhCl3 aqueous 
solution respectively, followed by drying at 383 K for 4 h and 
calcination at 773 K for 4 h. The sample was finally pressed, crushed 
and sorted into 20-40 meshes. Catalytic tests were carried out with 
about 200-2000 mg catalyst placed in a fixed bed continuous-flow 
membrane reactor. The catalysts were reduced by hydrogen at 623-
673K for 2h. The membrane reactor is with 5/8” diameter and by 10” 
tall. It contains four membrane tubes with 1/8” diameter and by 7” 
tall. H2 was permeated through the membrane into the tubes and 
removed by pump immediately after produced. The selectivity for 
hydrogen permeation through the membrane is 100% and ultra high 
pure H2 was produced as a result. Conversion, selectivity and 
formation rate of products were calculated by an internal standard 
analyzing method described as previously. About 11.1% N2 was 
added into ethane feed as internal standard. Catalytic conversion of 
ethane on Re/HZSM-5 was conducted at a reaction temperature range 
of 773-858K and a wide SV range.  

 
Results and discussion 

Catalytic performance of the novel Re based catalysts has been 
compared with traditional noble metal Rh based catalyst for the 
carbon dioxide reforming reaction of methane and results are listed in 
table 1. HZSM-5 supported Re catalyst exhibits a quite high activity 

for the reforming reaction and even better than the traditional noble 
metal Rh based catalyst as shown in table 1. 
 
 
 
Table 1. The bifunctional effect of catalysts in activation of CH4 and 
CO2  
_____________________________________________ 
Catalyst         Conversion (%)   CH4/CO2     H2/CO ratio 
                       CH4   CO2           consumed    in product 
Re/HZSM-5 83 80 1.07 0.81 
Rh/HZSM-5 78 72 0.96 0.80 
Re/KZSM-5 17 9 1.74 0.43 
Mo/HZSM-5 22 15 0.68 0.38 
_____________________________________________ 
Methane SV=5000 ml/h/g; Feed ratio (CH4/CO2)=1.05; 
Temperature=973K 
 
 
 
The high methane and CO2 conversions of 83% and 80% were 
attained on Re/HZSM-5 at 973K. Conversions of methane and 
carbon dioxide on Rh/HZSM-5 are 78% and 72% at the exactly same 
reaction conditions. The high activity of the novel bifunctional 
Re/HZSM-5 for the reforming reaction is due to its high activity for 
one-step activation of methane. It is also indicated in table 1 that both 
metal Re and Bronsted acid of ZSM-5 support are necessary for the 
high activity of Re/HZSM-5. The monofunctional Re/KZSM-5 (B 
acid sites of HZSM-5 support were poisoned by K) and bifunctional 
Mo/HZSM-5 give much lower activity for carbon dioxide reforming 
of methane although Mo/HZSM-5 is also an excellent catalyst for 
one step activation of pure methane. This is due to the active phase of 
Mo/HZSM-5 for methane active phase is unstable when it is 
exposure to CO2.  Table 2 gives the effect of feed ratio (CH4/CO2) on 
the conversions of CH4 and CO2. It is indicated in table 2 that the 
maximum methane conversion is obtained when the feed ratio 
(CH4/CO2) is near 1. However, CO2 conversion increases with 
increasing the ratio of CH4/CO2 in feed. The H2/CO ratio is near 
unity is at the higher CH4/CO2 ratio. In addition, the ratio of the 
consumption rates of methane and carbon dioxide is about 1 even at 
the different feed ratio (CH4/CO2). 
 
 
 
Table 2. Dependence of CH4 and CO2 conversions on the feed ratio 
(CH4/CO2) 
_____________________________________________ 
Feed ratio   Conversion (%)   CH4/CO2    H2/CO ratio 
CH4/CO2    CH4   CO2      consumed   in product 
0.81 77 59 0.89 0.67 
0.91 83 64 1.01 0.71 
1.05 83 80 1.07 0.81 
1.47 66 83 0.99 0.84 
1.64 45 94 0.99 0.92 
_____________________________________________ 
Methane SV=5000 ml/h/g; Temperature=973K 
 
The low-temperature activity of Re/HZSM-5 catalyst for the dry 
reforming reaction is also evaluated and the result is listed in table 3.  
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Table 3. The lower temperature activity of Re/HZSM-5 for the 
reforming reaction CH4 and CO2  
_____________________________________________ 
Temperature  Conversion (%)    CH4/CO2    H2/CO ratio 
(K)          CH4   CO2      consumed    in product 
773 15 26 0.61 0.15 
818 30 44 0.70 0.60 
858 41 49 0.85 0.66 
973 83 80 1.07 0.81 
_____________________________________________ 
Methane SV=5000 ml/h/g; Feed ratio (CH4/CO2)=1.05 
 
It is indicated in table 3 that the Re/HZSM-5 exhibits a considerable 
activity even at as low as 773-858K and the conversions of methane 
and CO2 are 41% and 49% at 858K. The excellent low temperature 
activity of Re/HZSM-5 makes it have many advantages for the 
integration of the catalytic reaction of the reforming and hydrogen 
separation because the Pd type membrane is limited to use only at 
relatively mild temperatures.   

Although Re/HZSM-5 is quite active for the carbon dioxide 
reforming of methane even at the lower temperatures, the 
conversions of methane and carbon dioxide are constrained by 
thermodynamic equilibrium. To transform methane and CO2 into 
pure hydrogen and CO at the conversions beyond the thermodynamic 
equilibrium, a Pd type membrane reactor was used for integration of 
the reforming reaction and hydrogen separation. The conversions of 
CH4 and CO2 when hydrogen is separated and not separated at 858K 
and different methane SV are compared in table 4. It is shown in 
table 4 that methane conversion for the dry reforming reaction is 
about 47-48% and it changes little with varying methane SV from 
1300 to 325 ml/h/g when hydrogen was not separated from product. 
However, the much higher methane conversion of about 77% has 
been achieved at the low temperature of 858K as shown in table 4. 
CO2 conversion is also enhanced by the hydrogen separation at the 
same time. In addition, the ratio of feed consumption rates 
(CH4/CO2) is more near unity when hydrogen is separated from 
product. This is because some side reaction such as reduction of CO2 
by H2 in to CO is effectively suppressed by the continuously 
hydrogen separation from product with the membrane.  
 
Table 4. Effect of H2 separation on the conversions of CH4 and CO2 
at different SV  
_____________________________________________ 
SV of CH4  Permeability Conv. (%)   CH4/CO2    H2/CO  
(ml/h/g)      of H2 (%)      CH4   CO2   consumed   ratio  
325 92                  76.9 60.5 1.15 * 
 0 48.3 48.0 0.91 0.63 
650 92 69.2 45.6 0.98 * 
 0 47.9 34.4 0.90 0.71 
1300 90  62.7 42.6 0.95 * 
 0 47.1 33.3 0.92 0.71 
_____________________________________________ 
Feed ratio (CH4/CO2)=0.69; Temperature=858K; * H2 
separated 
 
 

Conclusion 
 Re/HZSM-5 is a novel reforming catalyst for the conversion of 

methane and carbon dioxide into hydrogen and CO. The novel 
catalyst system exhibits a quite high activity for the carbon dioxide 
reforming reaction of methane even at mild temperatures and it is 
different from the traditional reforming catalysts because both Re 
metal and the Bronsted acid on the novel catalyst are contributed to 
the methane activation. On the novel catalyst system, high pure 
hydrogen are directly produced from the greenhouse gases of 
methane and carbon dioxide by integration of the reforming reaction 
and hydrogen separation with a Pd type membrane reactor. In 
addition, much higher conversions of methane and CO2 beyond the 
thermodynamic equilibrium are attained because hydrogen is 
separated from the product.  
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1. INTRODUCTION 

The study of the catalytic dry reforming of light hydrocarbons 
(C1, saturated C2) is of interest for syngas (CO-H2) production. The 
obtained CO-H2 mixture can be used for hydroformylation, methanol 
or Fischer-Tropsch synthesis. The fast deactivation by excess of 
carbon deposits is the main drawback of metal supported systems (Ni, 
Co, Pt, Pd, Rh) [1]. Basic supports like MgO, La2O3 have been used 
to increase the catalyst live by lowering the rate of carbon deposition 
[2]. A second way has been explored through formation of well 
defined structure containing an active metal (nickel). For example, we 
have shown that the partial substitution of Ni by Fe in LaNiO3 
increases the Ni reduction temperature close to the reaction 
temperature. Strong Ni-tri-metallic perovskite interactions both 
improve lifetime and dispersion of nickel particles and decrease carbon 
formation and sintering of metal by formation of a Ni-Fe alloy [3,4,5]. 
Due to the good ability of perovskite-type oxides to be B-site 
substituted, Ni could be replaced by other metal such as Co. 

The aim of the present study is to point out the interest of these 
defined Co-containing structures in reforming of ethane. 
 
2. EXPERIMENTAL PART 

2.1. Preparation. The mixed LaCoxFe1-xO3 perovskites with x 
values varying from 0 to 1 (x = 0, 0.3, 0.5, 0.7, 1) were prepared from 
La acetate, Co acetate and Fe powder via a sol-gel related method [6]. 
The starting materials were separately dissolved in hot propionic acid 
under stirring and then mixed. After 30 minutes stirring, the boiling 
resulting solution was evaporated until a resin is obtained. This resin 
was heated 4 hours at 750°C with a ramping of 3°C.mn-1. BET 
surface areas were in the range of 3 (x=0) to 6 m2.g-1 (x=1). 

2.2. Characterization The nature of the obtained phases and the 
lattice parameters were determined by powder X-Ray diffraction 
(XRD) recorded on a Siemens D-5000 diffractometer using the CuKα 
radiation. 

Transmission electron microscopy (TEM) was performed on a 
TOPCON-EM002B apparatus coupled with an energy dispersive X-
Ray device (EDS). 

Temperature programmed reduction (TPR) was performed with 
a 50 mg sample placed in a U-shaped quartz tube (6.6 mm ID), the 
temperature was increased from 25 to 900°C with a slope of 15°C 
min-1. The reducing mixture was 3 vol.% hydrogen in helium (50 mL 
min-1). Hydrogen consumption was quantified by a TC detector after 
trapping on molecular sieve of the formed water. 

2.3. Reaction conditions The operating conditions were the 
following : fixed bed quartz reactor (6.6 mm I.D.), inlet temperature : 
400-800°C; feed flow rate : 0.15 L.h-1 ethane, 0.3 L.h-1 CO2 and 2.55 
L.h-1 Ar; catalyst amount: 100 mg. The outlet gas was analyzed by 
two on line gas chromatographs: one for C2H6, CO and CO2; and a 
second one for CO and H2.  
 
 
 
 
 

3. RESULTS 

3.1. Characterization of LaCoxFe1-xO3 systems before 
catalytic test  

XRD pattern of LaCoxFe1-xO3 (x=0.3, 0.5 and 0.7) shows that a 
solid solution is formed in all proportions. A split of the main 
reflection line for x ≥ 0.5 is characteristic of the rhombohedral system 
(R) of LaCoO3 isomorphs. Compounds without split reflection 
crystallize in the orthorhombic (O) system such as LaFeO3 [7]. 

The different catalysts have been analysed by TEM-EDS to 
confirm the initial composition of the structures and the homogeneity 
of the preparation (figure 1). 
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Figure 1. Elemental distribution observed by energy dispersive X-ray 
spectroscopy before catalytic test for: (a) LaCo0.3Fe0.7O3 and (b) 
LaCo0.7Fe0.3O3. (1) Broad focused beam 200nm (2-5) Narrow focused 
beam 14 nm. 

The characterization (with broad and narrow focussed beam) 
shows a good homogeneity of each preparation which is formed of 
grains of around 50 nm each. The reducibility of the perovskites was 
studied by T.P.R.. The hydrogen consumption is given versus 
temperature for four different materials (figure 2). 
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Figure 2. TPR before catalytic test  for (a) LaCoO3 , (b) 
LaCo0.7Fe0.3O3 , (c) LaCo0.5Fe0.5O3 and (d) LaCo0.3Fe0.7O3. 
 

The T.P.R. shape reveals two reduction areas. The first between 
350°C and 500°C, the second with a maximum between 620°C 
(LaCoO3) and 810°C (LaCo0.3Fe0.7O3). The temperature of the second 
maximum increases with iron content. So it is possible to control the 
perovskite reduction temperature by varying the Co/Fe ratio, and to 
correlate it with the ethane reforming temperature. 

3.2. Catalytic tests. Figures 3 and 4 show respectively the 
ethane conversion and the CO yield versus x for temperatures 
between 600°C and 800°C. Ethane conversion increases with 
increasing x values and temperatures. There is an important change in 
conversion and CO yield when x is equal or higher than 0.5. This 
value corresponds to a change of the structure from orthorhombic to 
rhombohedral. LaCoO3 shows excellent results too, but deactivated 
very fast. On the other hand, catalysts containing cobalt and iron 
showed very good stability in addition to performance. 
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Figure 3. C2H6 Conversion at various temperatures versus x with a 
CO2/C2H6=2 for LaCoxFe1-xO3 perovskite. 
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Figure 4. CO yield (%) at various temperatures versus x with a 
CO2/C2H6=2 for LaCoxFe1-xO3 perovskite. 

The interest of the tri-metallic perovskite La-Co-Fe compared to 
the bi-metallic La-Co is better understood by characterization of the 
catalysts after test. 

3.3. Characterization after test. XRD diffraction patterns after 
test show different phases depending on x values as summarised in 
Table 1. 

x Crystalline phases detected  by XRD after catalytic test 
0 LaFeO3      

0.3  LaCowFe1-wO3 La2O3    
0.5  LaCozFe1-zO3 La2O3    
0.7   La2O3 LaFeO3 Co  
1   La2O3  Co CoO 

 
Table 1. Crystalline phases detected by XRD after test for    
LaCoxFe1-xO3 perovskite oxides. 

For higher cobalt contents (x > 0.5) the three-metal perovskite 
structure is destroyed and the most stable LaFeO3 perovskite is 
formed together with lanthanum oxide and cobalt. LaFeO3 perovskite 
could also be characterised by FT-IR (555 cm-1). For low cobalt 
content, the La-Co-Fe perovskite is preserved, although cobalt 
content is less than in the initial structure. 

The LaCoFe elemental distributions (EDS) are given in figure 5 
and the La/Fe ratios in figure 6 for x = 0.3 and 0.7. Figure 5 shows a 
higher heterogeneity of LaCo0.7Fe0.3O3 compared to LaCo0.3Fe0.7O3. 
For x = 0.3, almost the same ratio La/Co/Fe or La/Fe are observed in 
different parts of the sample, no free cobalt has been seen confirming 
that the tri-metallic structure was preserved. However, analyses show 
clearly that part of cobalt has left the perovskite and w and z (Table 1) 
are lower than the initial value of x. For x = 0.7, the tri-metallic 
perovskite is destroyed, free cobalt particles are evidenced and the 
La/Fe ratio changed. The change in La/Fe ratio indicates the presence 
of free lanthanum (as oxide or hydroxide). In the latter case, in 

agreement with XRD results, it can be concluded that the LaFeO3 
perovskite behaves as a support for cobalt metal particles of 10 to 50 
nm (TEM).  
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Fig. c
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Fig. d
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Figure 5. Elemental distribution observed by energy dispersive X-ray 
sprectroscopy after catalytic test for: LaCo0.7Fe0.3O3 (a) La, Co and 
Fe. (b) La and Fe. LaCo0.3Fe0.7O3 (c) La, Co and Fe. (d) La and Fe.  
(1) Broad focused beam 200nm (2-9) Narrow focused beam 14 nm. 
 
4. DISCUSSION AND CONCLUSIONS 

In the present study, we can see that whatever the x value (until 
0.7), the perovskite structure is preserved : as LaCoFe for x ≤ 0.5 and 
as a LaFe system for x ~ 0.7. 

The catalytic results have shown an increase of reactivity with 
the increase of the x value and of the reaction temperature. Moreover 
a gap of activity corresponds to a change of the perovskite structure 
from orthorhombic to rhombohedral. Such a change has also been 
seen in Fischer-Tropsch reaction (7). Good aging for the catalysts 
suggests that coke formation is limited as confirmed by elemental 
analyses. Different explanations could be given : formation of small 
Co metal particles in strong interaction with the perovskite support or 
formation of a Co-Fe alloy and dilution effect. With La-Fe-Co 
catalysts alloy formation was not seen. For 0.3 ��[��������ZH�VXJJHVW�
that the presence of cobalt inside the partially reduced perovskite 
network is in strong interaction with the free cobalt and then avoids an 
excessive coke formation, resulting in a good aging. This strong 
interaction is confirmed by the possibility of regeneration of the used 
catalyst by heating at high temperatures (900°C). Another 
contribution to decreasing coke formation is the performance of 
LaFeO3 in total oxidation of hydrocarbons. Thus it is postulated that 
LaFeO3 as well as La2O3 will participate in the oxidation of coke 
precursors. 
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Introduction
The present work is an exploratory study on a new process for

the production of synthesis gas (CO + H2) using CO2 in flue gas
from fossil fuel-based electric power plants. The existing
processes for synthesis gas production from methane or natural
gas include steam reforming, CO2 reforming, auto-thermal
reforming, and partial oxidation, of methane or natural gas. The
new process is called tri-reforming of methane, referring to
simultaneous oxy-CO2-steam reforming.

Tri-reforming is a new process designed for the direct
production of synthesis gas with desirable H2/CO ratios by
reforming methane or natural gas using flue gas from fossil fuel-
based electric power plants without pre-separation of CO2. These
flue gases are regarded as major source of CO2 emission in the U.S.
Generally the compositions of flue gases depend on the types of
fossil fuels used in power plants. Flue gases from natural gas-fired
power plants typically contain 8-10% CO2, 18-20% H2O, 2-3% O2,
and 67-72% N2; flue gases from coal-fired boilers primarily
contain 12-14% CO2, 8-10% H2O, 3-5% O2, 72-77% N2, and trace
amount of NOx, SOx, and particulates [1].

It is hypothesized that tri-reforming be a synergetic
combination of CO2 reforming (Eq.1), steam reforming (Eq. 2),
and methane oxidation reactions (Eqs. 3 and 4). Therefore, tri-
reforming is expected to encompass a number of unique features.
One major feature is its ability to convert CO2 in flue gas without
CO2 separation while avoiding the use of pure CO2 and the severe
problem of carbon deposition encountered in CO2 reforming
system [2-6]. Currently most of pure CO2 is obtained from CO2

separation processes (e.g. absorption, adsorption, and membrane
separation) that are often energy-intensive and costly. Some
separation processes could lower the power plant energy output as
much as 20% [7].

Other features of tri-reforming include that there is no need to
handle pure oxygen and it directly produces synthesis gas with a
desirable H2/CO ratio (e.g. H2/CO = 1.5 ~ 2). Furthermore, oxygen
in flue gas may help to ease the reaction energy requirement as
encountered in CO2 reforming alone or steam reforming alone. In
general, the new tri-reforming process concept is consistent with
the goals of DOE Vision 21 for power plants with respect to
decreasing greenhouse gas emission, improving power generation
efficiency and co-producing fuels and chemicals [8].

CO2 + CH4 = 2CO + 2H2 ∆H°= 247.3 kJ/mol         (1)
H2O + CH4 = CO + 3H2 ∆H°= 206.3 kJ/mol          (2)
(1/2) O2 + CH4 = CO + 2H2 ∆H°= -35.6 kJ/mol     (3)
2O2 + CH4 = CO2 + 2H2O ∆H°= -880 kJ/mol        (4)

It should be pointed out that the H2/CO ratio in synthesis gas
is important since synthesis gas with different H2/CO ratios has
different applications in industry. The current major applications
of synthesis gas (not hydrogen) include methanol synthesis and
Fischer-Tropsch (F-T) synthesis that require synthesis gas with a
H2/CO ratio close to 2. However, synthesis gas directly produced
from CO2 reforming of methane has H2/CO ratio close to 1. Hence
this kind of synthesis gas (H2/CO ratio ≤1) requires further
treatment in order to be applied in methanol and F-T synthesis.

Similarly synthesis gas produced from steam reforming can not be
directly applied in methanol or F-T synthesis either since the
H2/CO ratio of synthesis gas produced from steam reforming i s
usually larger than 3. Although methane partial oxidation
produces synthesis gas with a H2/CO ratio of 2, methane partial
oxidation is difficult to control due to its exothermic feature and i s
dangerous and expensive due to the handling of pure oxygen. Tri-
reforming, however, is expected to readily produce synthesis gas
with the desired H2/CO ratios of 1.5 ~ 2 by manipulating tri-
reforming reactant compositions under relatively mild reaction
conditions.

Unlike steam reforming, CO2 reforming, or methane partial
oxidation, tri-reforming has not been systematically studied. The
concept of tri-reforming using power plant flue gas was first
proposed by Song in 1999 [1,9].  Before 1999, several papers
were published on the study of combined CO2 reforming and partial
oxidation reaction [10-12] and simultaneous steam and CO2

reforming of methane in the presence of oxygen [13].  The results
in these papers have indicated that combined reforming i s
feasible. However, the new tri-reforming process still faces a
number of challenges.  The future challenges include, for example,
effective conversion of CO2 in the presence of O2 and H2O; the heat
management;  the minimization of the effect of SOx and NOx in
flue gas on tri-reforming process; the management of inert gas N2

in flue gas; and the integration of new process into power plants.
The tasks in the current work of tri-reforming include the
computational study of equilibrium properties of tri-reforming at
various feedstock compositions and reaction conditions, the
design of operation parameters, and the development of catalysts
tailored for tri-reforming.  In a real tri-reforming reaction, steam,
CO2, and O2 all compete to react with methane over catalysts.
Improvement of CO2 conversion in the presence of steam and O2

would depend on the catalysts and reaction conditions.

Experimental
Computational A n a l y s i s .  The theoretical analysis was

based on thermodynamic calculations. The purpose of this
analysis is to establish thermodynamic equilibrium conversions
of reactants, equilibrium product distributions under different
reaction conditions (such as feedstock compositions,
temperatures, and pressures) in tri-reforming reaction system.

The equilibrium compositions were calculated based on the
principle of atom and mass balance and Gibbs Energy
Minimization Method (GEMM). Before calculation, it was critical
to identify stable reactants and products in the reaction system.
The calculation employed HSC Chemistry software developed by
Outokumpu Research Oy, Finland.

Catalyst preparation.   Catalysts studied in this work
included 8 wt% Ni and 2 wt% Pt catalysts supported on Ce-Zr
oxides with or without CaO or MgO promoters. Ce-Zr oxides were
prepared according to the method of “soft chemistry” [14].
Zirconium n-propoxide (Zr(OC3H7)4) dissolved in 20 ml  of iso-
propyl alcohol was gradually added into an aqueous solution
(20ml) of Ce(NO3)2.6H2O, leading to the immediate hydrolysis and
the formation of a pseudo gel. The pseudo gel was dried at 60ºC for
1 h and then at 120ºC overnight. The dried sample was finally
calcined in air at 870ºC for 4 h and ready for use as a support.

Ni and Pt catalysts supported on Ce-Zr oxides were prepared
by wet impregnation. Ni(NO3)2•6H2O or Pt(NH3)4Cl2•xH2O (MW =
334.12) was dissolved in 5 ml of H2O. Ce-Zr oxide powder was
then added into the solution under stirring. The mixture was dried
at 60ºC overnight, followed by calcination at 870ºC for 4 h. The
calcined sample was then pressed into disks and crushed and
sieved. The particles between 18-35 meshes were collected for use
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in reaction test. When preparing MgO or CaO promoted catalysts,
Ca(NO3)2•4H2O or Mg(NO3)2•6H2O was dissolved in the same
solution as Ni(NO3)2 or Pt(NH3)4Cl2 and followed the same
procedures as described above.

Tri-reforming exper iments .  The tri-reforming reaction
was studied in a fixed-bed reactor at 850ºC under 1 atm. The reactor
was made of an Inconel 800H alloy tube with the dimension of
0.54” o.d., 0.375” i.d., and 16” in length. In each tri-reforming,
about 0.1 g of catalyst sample was placed in the middle section of
the reactor. The reactor was interfaced with GC by a ten-port gas
sampling valve, which enables online product analysis. The GC
included a packed silica gel column, a molecular sieve column, and
a TCD detector. Before each reaction the catalyst was reduced in H2

following the temperature program: keeping the reactor
temperature at 100ºC for 15 minutes, at 450ºC for 75 minutes, and
at 850ºC for 10 minutes with a temperature ramp of 12ºC/min.
Then H2 was stopped and the reactor temperature was kept at 850ºC
under Ar flow for another 20minutes. Steam was first introduced
into the reactor. After 20 minutes of steam flow (0.02ml(l)/min),
CH4, CO2, and O2 were then introduced into the reactor. The flow
rates of CH4, CO2, and O2 were maintained by mass flow
controllers (Brooks Instruments Corporation, USA); steam flow
was controlled by an ISCO liquid pump. The reaction effluent
except steam was analyzed by an on-line GC in every 30 minutes
during a time-on-stream (TOS) period of 300 minutes. Steam was
condensed before the GC.

Results and Discussion
It is expected that steam reforming, CO2 reforming, and

methane oxidation take place simultaneously in tri-reforming
system. Table 1 compares equilibrium methane conversions, CO2

and steam conversions, and H2/CO ratios in steam reforming, CO2

reforming, and combined CO2 and steam reforming with the
(CO2+H2O)/CH4 ratio of 1. When steam is gradually replaced by
CO2, H2/CO ratios in products decrease monotonically from 3.06
in steam reforming to 1.03 in CO2 reforming at 850ºC and 1 atm
while methane conversions and CO2 conversions have only minor
changes.

Table 1. Equilibrium H2/CO Ratios and Equilibrium
Conversions of Methane, Steam, and CO2 at 850ºC

and 1 atm

CH4

Conv.
(%)

CO2 conv.
(%)

Steam
conv. (%)

H2/CO
ratio

CH4:H2O:CO2
=1:1:0

94.0 - 95.4 3.06

CH4:H2O:CO2
=1:0.75:0.25

94.9 91.3 93.1 2.25

CH4:H2O:CO2
=1:0. 5:0.5

95.8 93.7 88.7 1.66

CH4:H2O:CO2
=1:0.25:0.75

96.6 94.3 76.4 1.32

CH4:H2O:CO2
=1:0:1

97.4 95.0 - 1.03

CH4:H2O:CO2:O2
=1:0.475:0.475:0.1

97.9 87.0 77.0 1.67

CH4:H2O:CO2:O2
=1:0.45:0.45:0.2

99.0 75.2 56.0 1.69

CH4:H2O:CO2:O2
=1:0.375:0.375:0.5

99.8 28.4 -29.0 1.71

CH4:H2O:CO2:O2
=1:1:1:0.1

99.8 53.1 26.7 1.48

The calculation also predicts a decrease of steam conversions
with increasing CO2 and O2 concentrations in the feed.

When O2 is introduced, the ratio of (CO2+H2O+0.5O2)/CH4 i s
kept at 1 for comparison with steam reforming, CO2 reforming,

and combined reforming (Table 1). Although both CO2 and steam
conversions decrease with O2 concentrations in the tri-reforming
system, steam conversions decrease more dramatically than CO2

conversions. This may be contributed to the reverse water gas
shift reaction at high temperatures. Methane conversions only
have a slight increase (close to 100%) with the increase of O2 and a
constant H2/CO ratio is predicted with the addition of O2.

When the same amount of CO2 and H2O is present in tri-
reforming as in the cases of CH4:CO2:H2O:O2=1:0.475:0.475:0.1
and CH4:CO2:H2O:O2=1:1:1:0.1 (Table 1), CO2 show higher
equilibrium conversions (87% and 53.1% , respectively) than the
steam conversions (77% and 26.7%, respectively).

Although thermodynamic analysis predicts CO2 is more
preferably converted than steam when same amounts of CO2 and
steam are present in tri-reforming system, one of the major
challenges in the study of tri-reforming is the development of new
catalysts that are able to efficiently convert CO2 in the presence of
H2O and O2. We have prepared and tested a number of Ni and Pt-
based catalysts. Some of the preliminary results are listed in Table
2 .

Table 2. Experimental  Results  of Tri-reforming at
850ºC and 1 atm  (CH4:CO 2:H 2O : O 2=1:1:1:0.1)

CH4

Conv. (%)
CO2 conv.

(%)
H2/CO ratio

8%Ni/Ce-Zr-O 77.0 26.9 1.60

8%Ni/CaO/Ce-Zr-O 86.2 36.6 1.48

8%Ni/MgO/Ce-Zr-O 89.1 38.8 1.49

2%Pt/ /Ce-Zr-O 80.4 36.2 1.44

2%Pt/CaO/Ce-Zr-O 64.5 26.5 1.52

2%Pt/MgO/Ce-Zr-O 83.5 32.7 1.57

Equilibrium values 99.8 53.1 1.48
Note: all the experimental data in this table are average values during TOS
of 300 minutes.

These experimental results show that CaO and MgO promote
methane and CO2 conversions over Ni-based catalysts although
methane and CO2 conversions over these catalysts are still lower
than those predicted from thermodynamic analysis. On the
contrary, CaO and MgO in Pt-based catalyst lower CO2

conversions. These results indicate that catalysts still play an
important role in tri-reforming. More catalysts are under
investigation.

 
C o n c l u s i o n s

Equilibrium properties of tri-reforming under different
conditions were analyzed by thermodynamics. O2 in tri-reforming
system could lead to the decrease of both CO2 and steam
conversions. CO2 usually has a higher equilibrium conversion
than steam when same amounts of steam and CO2 co-exist in tri-
reforming.

To achieve higher CO2 conversions in catalytic tri-reforming
of methane, a tailored catalyst for tri-reforming is desired.
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Introduction 

A promising utilization of the greenhouse gas carbon dioxide is 
its application as an environmentally benign, non-toxic and 
abundantly available reaction medium for organic synthesis at 
conditions above its critical point (Tc = 31.1 °C, pc = 73.8 bar).1  
Supercritical carbon dioxide exhibits unique solvent properties 
between those of typical liquids or gases that can be sensitively tuned 
by pressure and temperature. The use of supercritical carbon dioxide 
is particularly attractive as a solvent for selective oxidation reactions. 
Not only is carbon dioxide chemically inert and non-flammable, but 
it is miscible with both oxygen (or air) and organic reactants over a 
very broad range of compositions and reaction conditions.  Therefore, 
limitations of oxygen mass transfer as often encountered in 
conventional liquid-phase oxidations can be eliminated by operating 
in a "supercritical", single-phase region.  To capitalize on this 
advantage, the experimental conditions for existence of the single-
phase region of a given reaction system have to be accurately 
known.2 In spite of its utmost importance, this issue of high-pressure 
phase behavior is often not sufficiently addressed in studies of 
reactions at "supercritical" conditions. 

An example where the beneficial properties of "supercritical" 
carbon dioxide as a reaction medium have been successfully applied 
is the selective oxidation of secondary alcohols with molecular 
oxygen to ketones over supported noble metal catalysts.3,4  
Conventionally, this conversion is conducted in aqueous solution of 
the alcohol and, in many cases, the reaction rate is restricted by 
oxygen transport from the gas into the liquid reaction phase.5,6 

In the present study, we report on the peculiarities and the 
prediction of the high-pressure phase behavior of the multi-
component reaction mixture related to the oxidative dehydrogenation 
of 2-propanol (IPOH) with molecular oxygen to acetone (AC) and 
water in "supercritical" carbon dioxide. The results of these 
predictions are then applied to choose reaction conditions for 
experimentally investigating the conversion over a carbon-supported 
platinum catalyst in a single, homogeneous phase. 
 
Experimental 

Phase Behavior. Calculations of the phase behavior were based 
on the Patel-Teja equation-of-state.7  Interaction parameters (kij) were 
fit to binary vapor-liquid equilibria (VLE) data from the literature and 
were used to predict the multi-component phase equilibria.  It should 
be stressed that the term "supercritical" in its strict sense refers to 

single components only, and is used here for the multi-component 
mixture in quotation marks as suggested previously.8 

Materials. 2-Propanol (Fluka, puriss. p.a., over molecular 
sieve), 1,4-dioxane (Merck, p.a., ACS reagent) and carbon dioxide 
(Air Products, 99.995 %) were used as received.  A carbon-supported 
platinum catalyst (5 Pt/C, 5 wt.-% Pt, precious metal surface 
14.5 m2/g, specific surface area 1000 m2/g) available from Chempur 
was applied in the oxidation reactions. 

Catalytic Experiments. The catalytic conversions were carried 
out at 40 °C in a 100 ml batch reactor equipped with a magnetic 
stirrer (1000 min-1) and a heating jacket.  Prior to the experiments, the 
catalyst was placed in the reactor and dried in vacuum.  After adding 
carbon dioxide, liquid 1,4-dioxane and 2-propanol were introduced 
into the reactor by means of an injection loop.  1,4-Dioxane (DO) 
served as an internal standard for closing the mass balance.  The 
mixture was heated to reaction temperature and further carbon 
dioxide was added, if necessary.  The reaction was started by adding 
oxygen to the reaction vessel to the desired reaction pressure.  To 
monitor the progress of the reaction a small amount of the reaction 
mixture was continuously removed, expanded to ambient pressure 
through heated tubing and a needle valve and periodically analyzed 
by temperature-programmed capillary gas chromatography.  
Generally, care must be exercised in carrying out oxidation 
experiments, especially at increased reactant concentrations. 
 
Results and Discussion 

The VLE curves for the four-component reaction system IPOH/ 
O2/CO2/DO, have been calculated at fixed molar ratios of oxygen to 
carbon dioxide for the temperature of 40 °C.  This temperature was 
chosen for the experiments due to its proximity to the critical 
temperature of pure CO2 and to demonstrate the feasibility of 
selective alcohol oxidations at mild conditions.  As depicted in 
Figure 1, the single-phase region for the reaction system is reached at 
pressures above the equilibrium line indicated for each O2/CO2 molar 
ratio.  As expected, a higher pressure is needed to reach the single 
phase when the oxygen to carbon dioxide ratio is increased. 

In Figure 2, the oxygen mole fraction is presented at a constant 
oxygen to carbon dioxide molar ratio of 5.3 %.  The addition of 
carbon dioxide allows for high concentrations of oxygen in the liquid 
or the "supercritical" phase without going to high partial pressures of 
oxygen. 

It is noteworthy, that, although the reactant concentration were 
quite low, the presence of 1,4-dioxane which was added to the   
 

(xO2
 + xCO2

)liquid phase 

0.0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0

p 
/ b

ar

0

20

40

60

80

100

120

.....

.

..   nO2
/nCO2

 = 

  nO2
/nCO2

 =     0.0 %

  nO2
/nCO2

 =     5.3 %

  nO2
/nCO2

 =   11.1 %
  nO2

/nCO2
 =   25.0 %

8

 
 
Figure 1. Vapor-liquid equilibrium of the oxygen/carbon 
dioxide/IPOH/DO mixture at 40 °C for different oxygen/carbon 
dioxide mole fractions. 
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Figure 2.  Oxygen mole fraction in the two-phase region for a fixed 
O2/CO2 molar ratio of 5.3 % at 40 °C. 

 
mixture as an internal analytical standard in a comparable amount as 
the alcohol, decreases the pressure required for single-phase 
operation compared to the system containing oxygen, 2-propanol and 
carbon dioxide only.  This is perhaps due to CO2/1,4-dioxane 
interactions, which exhibit negative deviations from Raoult’s law in 
the binary mixture. 

Pertinent results of the catalytic conversion of 2-propanol over 
5 Pt/C with oxygen at 150 bar, i.e., sufficiently above the one 
corresponding to the VLE, are displayed in Figure 3.  In all cases, 
acetone was the only detectable oxidation product indicating the high 
selectivity of the reaction at the mild reaction temperature.  Within 
the single-phase region, the initial amount of 2-propanol relative to 
the catalyst mass could be increased above 6 mmol / 125 mg, a 
typical value for the reaction in aqueous solution where catalyst 
deactivation was observed.6  While no catalyst deactivation occurs at 
a fourfold increase of the IPOH/catalyst ratio, the conversion remains 
incomplete when eight times the initial amount of 2-propanol was 
present in the reactor.  Nevertheless, and although the initial reaction 
rate r0 was lower for the increased IPOH/catalyst ratios, a 
considerably higher amount of reactant could be converted with the 
same amount of catalyst in the high-pressure reaction medium. 

To assess the influence of the oxygen mole fraction on the 
catalytic conversion, increasing amounts of oxygen were added to the  
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Figure 3.  Conversion of increasing amounts of 2-propanol with 
molecular oxygen over 5 Pt/C in "supercritical" carbon dioxide (xO2 = 
2.8 %, p0,CO2 = 150 bar, mcat = 125 mg, r0: initial reaction rate). 
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Figure 4.  Influence of oxygen mole fraction on the acetone yield in 
the 2-propanol conversion with molecular oxygen over 5 Pt/C (p0,CO2 
= 135 bar, n0,IPOH = 13 mmol, mcat = 250 mg). 
 
same mixture of the catalyst, carbon dioxide, 2-propanol and the 
standard 1,4-dioxane.  It is observed, that the rate of acetone 
formation increases with the oxygen mole fraction from 0.6 
(substoichiometric with respect to IPOH) to 2.8 % and, for higher 
oxygen concentrations, decreases again (Figure 4).  This finding is in 
accordance with results reported by Jenzer et al.3 and can be 
rationalized by poisoning of the platinum surface due to partial over-
oxidation. Although increasing oxygen mole fractions shift the VLE 
line to higher pressures (Figure 1), the reaction pressure in these 
experiments may be assumed to be high enough to avoid the 
occurrence of two separate phases. 

In summary, the prediction of multi-component high-pressure 
phase behavior is helpful to devise reaction conditions for carrying 
out catalytic oxidation reactions in a single phase with "supercritical" 
carbon dioxide as a reaction medium.  So far, only the initial reactant 
mixture has been considered.  Further research will therefore be 
directed towards incorporating the changes in the compositions of the 
reaction mixture due to the consumption of the reactants and 
formation of the products into the phase behavior predictions.  These 
changes are especially important for oxidation reactions, since highly 
polar and hydrogen-bonding products, such as acids or water, are 
among the products, and these will have a pronounced effect on the 
phase behavior, especially when the reactant concentrations and the 
conversion levels are high. 
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1. Introduction 

Dimethyl carbonate is an important methylating agent which 
replaces former toxic methylating agent (Me)2SO4 in the synthesis of 
medicines. It is also an intermediate of synthesis of higher carbonates 
and fuel oil additive. Many outhors reported the synthetic methods of 
DMC(1-5), most of them used organometal compounds as catalysts.It 
would be difficult to separate product mixture, then it was spreaded 
difficultly in industry. Our technological process is a heterogeneous 
catalysis. This method has many obvious advantages. The product 
fractionation and purification are then esaier and more economical. 

T

T

                                                       

here are many CO2 resources in China, for example, Victory Oil 
Field has about ten billions m3 of CO2 deposits, which is a nature 
carbon resource and is yet not exploited and used. The super-critical 
CO2 (SC-CO2) is non-toxic, nonflammable and cheep solvent. The 
high diffusility, low viscosity and low surface tension of SC CO2 is 
expected to spead up mass-transfer controlled reations. In1 this work, 
SC CO2 is both reactant and solvent. 
2. Experimental  

2.1 Chemicals  
CO2, with a minimum purity 99.99%, was obtained from Tianjin 

Special Gas Limited Company, China. 
Absolute alcohls was obtained from Tianjin Reagent company, 

China, with a stated purity of 99.8%. It was used as receiled without 
further purification. 
The carbonylation catalyst of MeOH is a mechanical 
mixture of CuI, MgO and other addend powders, the 
purities of them are all C.P. Before use they were dried and 
activated. 

he hydrolyst of DME, HZMS molecular sieve, was obtained 
from Nankai University, China. The specific surface of HZMS is 30
±2m2/g. Before use it was activated for 4h at temperature of 280℃. 
   DME with purity of 99.9% was obtained from Shanxi Institute of 
Coal Chemistry, China. It was used without further purification. 

2.2 Procedure 
The experiments were carried out in a high-pressure autoclave of 

0.5dm3 equipped with stirring. The temperature of the autoclave was 
adjusted by a heating jacket and was measured directly by a shielded 
chromel-to-alumel thermocouple inside the autolave. The chemical 
equilibrium, indicated by reaching a constant pressure (changed with 

the added amounts of chemicals), was reached typically 4h after 
terminating stirring.  

 

A

Owing to the present of reaction (2), the water produced by reaction 

re on the yield of DMC  
othermic 

reac

able 1 Effect of temperature on the yield of DMC 

t/℃   yield of DMC /% t/℃   yield of DMC /% 

fter feeding catalysts, MeOH was introduced into the evacuated 
autoclave from tared sample bottle and the mass determined by 
weighing. DME and CO2 were pressured respectively into the 
autoclave from two little light-alloy flask, which were cooled before 
falling CO2 and DME in the presence of ice and salt. The reactant 
mixture was stirred at established temperature for 4h. After that, the 
autoclave was cooled to room temperature and let the left gases out of 
the autoclave. The product mixture was analyzed by a gas 
chromatography equipped with integrator. All analysis were carried 
out under the same conditions: hydrogen (99.99%) as carrier gas, 
flowing rate 35cm3min-1, FID detector, 2m column(i.d 3mm) packed 
with silicone elastomer. Column temperature 80℃, injection port 
temperature 220℃, n-butanol was used as internal standard. The 
bridge current was 100mA, The amount of injected sample was 2μ
dm3 for each. 
3. Results and discussion 

The total reaction can written as  
(1)  CO2+2MeOH=DMC+H2O 
(2)  H2O+DME=2MeOH 

mixturereactant in  n(MeOH) 
  mixtureproduct in  n(DMC)

=y

(1) was consumed and then equilibrium of (1) was removed to right 
hand. The yield of DMC was increased. In this paper the yield of 
DMC was defined as 

3.1 The effect of temperatu
The reaction(2) is an endothermic but reaction(1) is ex

tion. We selected temperature range was from 100℃ to 150℃. 
Table 1 gives this effect. The reaction conditions were: MeOH, 
160cm3(4mol); DME, 115g(2.5mol). CO2, 44g(2.0mol), 
HZMS+CuI+MgO+other, 100g. Here the “other”is a kind of solid 
initiator. 

T

100        11.26 130        28.58 

110        19.83 

120        24.17 

140        21.74 

150        17.36 

Table 1 shows that along with increasing temperature the yield of 
DM

his effect. The reaction conditions were:130℃, 
HZ
 

C was changed. Initially it was increased and then decreased. At 
temperature of 130℃ shows a maximum of  28.58%. Two reasons 
account for the occurrence. Higher temperature is favorable to (2) and 
could increase reaction rate of (1). Since (1) is an endothermic 
reaction. The higher temperature is unfavorable to equilibrium of (1). 

3.2 The effect of the ratio of reactants on the yield of DMC  
Table 2 gives t
MS+CuI+MgO+other, 100g,reaction period 4h. 1 To whom correpondencel should be addressed. Email: 

tianyiling@eyou.com 
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Table 2 The effect of the rato o eactants on the yield of DMC 

T ma f nt is of C t al of 
product water. DME has proved to be aid to this synthesis. When the 
amo

and ratios of catalysts would affect the 
yie experimental 
con

(DME):n(CO2)=4:2.5:2. The reaction 

f

m (catalysts)/g 

f r

(n of reactants)/mol (n of reactants)/mol yield of yield of 

he in problem or the sy hes  DM  is he remov

MeOH DME MeOH DME CO2 

4 0 4 1.07 4 2 2 26.52 

4 1 3 9.41 4 2.5 2 28.58 

4 1 2.5 .5 14.34 4 3 2 22.73 

DMC/% DMC/% 

unt of DME was excess, then concentrations of CO2 and MeOH 
would be diluted, so that reaction rate of (1) would be decreased. If 
the amount of DME was too few, the hydrolysis reaction (2) would 
not be successful. Therefore the decided optimal ratio is n(MeOH): 
n(DME): n(CO2)=4:2.5:2 

3.3 The effect of catalysts on the yield of DMC  
Changing the amounts 
ld of DMC. The results are gives in Table 3. The 
ditions were:  

the temperature 130 ℃ 
n(MeOH):n

period was 4h. 
Table 3 The effect of catalysts on the yield o  DMC 

m (catalysts)/g 

CuI+MgO 

+other 
S DMC/% 

CuI+MgO 

+other 
 

f 

DMC/% 
Yield of Yield o

HZM HZMS

90 9.09 40 28.58 

50 50 24.79 100 0 7.29 

g am s of uI+MgO ther) a creased

10 60 
20 80 19.43 80 20 21.23 
40 60 22.89 90 10 21.47 

Table 3 shows that yield of DMC were initially increased with 
increasin ount (C +o nd then de . The 
optim

present in reaction mixture. They are methy 
carbam

hem. Eng. 1992,517,13 
(2). Yamazaki N, Nakahama S. , Ind. Chem. Prod. Res. Dev. 

(5).  Pastucha I, Collect. Czech. Chem.Comun. 

um ratio is 60:40. 
We have found during the analysis that besides DMC was 

formed, the by-products 
ate and other unknown substances. Their total content was 

about 5%. The little amounts of solved DME and CO2 in producted 
mixture were analyzed out. 
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Introduction 
With increasing population and rapid technology development, it is 
possible that we have begun to encounter alteration of the climate. 
Greenhouse gases, that include carbon dioxide, methane, ozone, 
halocarbons and nitrous oxide, to a significant extent come from the 
combustion of fossil fuels (coal, oil, and natural gas) for power 
generation and transportation. A potentially useful reaction for 
reducing the impact of carbon dioxide (reducing net emissions), a 
major component in many natural gas resources, especially in Asia, 
is carbon dioxide reforming with methane (reaction 1) for 
production of synthesis gas (carbon monoxide and hydrogen) at a 
lower H2/CO ratio compared to steam reforming of methane 
(reaction 2), which is the conventional process for synthesis gas 
production.  However, as with steam reforming, the highly 
endothermic reaction requires significant high temperature (ca. 800 
oC) energy input that is usually provided by combustion that 
releases CO2.  Also, the 1:1 H2/CO ratio produced from CO2 
reforming requires, for GTL applications, the use of the water gas 
shift reaction, in which much of the potential net consumption of 
CO2 is lost.  The alternative is to combine CO2 reforming with 
steam reforming and its similar low net CO2 reduction due to 
combustion to provide the required heat of reaction.  Thus any net 
reduction of CO2 impact from the process must be compared with 
the partial oxidation or combined/autothermal reforming which are 
exothermic or self heating, but require the production of oxygen 
that is itself energy intensive. 
 
CH4 + CO2     2 CO + 2 H2 ∆H = 247.0 kJ mol-

1   
(1) 

CH4 + H2O     CO + 3 H2 ∆H = 229.7 kJ mol-

1   
(2) 

 
Therefore, rather than considering the net CO2 reduction as the 

driver, other factors must be considered.  For example, The 
previously mentioned high CO2 natural gas resources may be 
stranded by the high cost of CO2 removal, which may be reduced or 
eliminated by use of CO2 reforming.  Additionally, the possible 
lower capital investment and operating costs due to the elimination 
of the requirement for oxygen makes consideration of this 
technology worthwhile.  However, a major problem with CO2 
reforming to this point in time is the deactivation of the catalyst due 
to carbon deposition (reaction 3 and 4) at the desired reaction 
conditions. 

CH4   C + 2H2 ∆H = 75 kJ mol-1   (3) 
2CO    C + CO2  ∆H = -171 kJ mol-1   (4) 

So far, no effective commercial catalyst exists which can operate 
without carbon formation [1]. Therefore, solving these problems to 

find ways to operate this process at milder reaction conditions is of 
great interest. 

In this work, a low temperature plasma reactor was used to 
facilitate this reaction by itself and in combination with steam, at 
low temperatures. This has been shown to be possible in other 
methane conversion studies without carbon dioxide, such as helping 
in the conversion of methane over Sr/La2O3 [2] and other materials. 
The disadvantage of using electrical energy, that at best may only be 
about 60 percent efficient, may be offset by process simplicity and 
cost, lower carbon formation and less excess energy that must be 
recovered and utilized only with considerable cost. 

A plasma is a quasineutral gas consisting of charged and neutral 
gas molecules with a collective behavior in which the charged 
molecules follow the path of the electric field. It is in equilibrium 
when the kinetic energy of the charged particles and neutral species 
are the same. The non-thermal, also called cold, plasma, and its non-
equilibrium properties, high electron temperature and low bulk gas 
temperature, provide the capability for initiating chemical reactions 
at low temperature and with lower energy input.  

Corona discharge and dielectric barrier discharge (DBD) 
techniques are two of the commonly used methods for producing 
non-equilibrium plasmas at atmospheric pressure [3], [4], [5]. 
Because the corona is particularly easy to establish, it has had wide 
application in a variety of processes such as electrostatic 
precipitation, electro-photography and also synthesis of chemicals 
[3]. The electron energy, which corresponds to the electron 
temperature, is restricted to less than 6 eV in the corona discharge 
[6]. These relatively low-energy electrons have insufficient energy to 
ionize methane, which has an ionization potential greater than 12 eV 
[7], but high enough to dissociate CH4 and CO2 molecules with 
dissociation energies of 4.5 and 5.5 eV, respectively (reaction 5 and 
6) [1]. 

e- + CH4                       CH3 + H + e-     (5) 
             

   e- + CO2                                CO + O + e-              (6)         
 

The utilization of non-equilibrium plasma techniques for carbon 
dioxide reforming with methane has been studied in the dielectric 
barrier discharge. The combination of solid catalysts with a 
dielectric-barrier discharge was studied for carbon dioxide 
reforming of methane. It is shown that the use of a catalytic coating 
in the discharge can have a promoting effect on the plasma 
chemistry and the use of the ceramic foams improved the 
temperature and lowered the undesired temperature increase [4]. 
The dielectric barrier discharge has also been used to investigate 
the effect of a non-equilibrium discharge on the production of 
synthesis gas from two major greenhouse gases carbon dioxide and 
methane. A pronounced synergistic effect caused by free radical 
reactions was observed using these two gases simultaneously with a 
minimum required specific energy of 40 eV/molecule for the 
production of syngas and the highest energy efficiency (electric 
energy converted to chemical energy in the syngas) reached so far 
was about 7%[1]. The effect of a third body (helium) was also 
investigated in the DBD for carbon dioxide reforming [8].  

 
Experimental 

The flow rate of feed gases, methane and carbon dioxide, were 
controlled by a set of mass flow controllers supplied by Porter 
Instrument, Inc. All experiments were carried out at atmosphere 
pressure. The feed gases were introduced downward through the 
reactor and analyzed on-line by a Carle AGC 400 gas 
chromatograph, with thermal conductivity detector. To provide the 
water vapor in the feed, the feed gas was bubbled through a water 
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saturation system in a water bath maintained at the temperature 
needed to provide the desired vapor pressure of water.  All inlet and 
exit lines were heat traced and the reactor tube was placed in a 
heater and maintained at 100oC. The exhaust gas from the reactor 
was introduced into a condenser cooled by a mixture of dry ice and 
acetone that was used to remove the condensable products. The 
power supply unit consisted of an AC power supply for converting 
domestic AC power 120V, 60 Hz, using a function generator for 
varying the frequency in the range of 300 to 600 Hz with a 
sinusoidal waveform.  The output was then transmitted to a high 
voltage alternating current (HVAC) transformer. The HVAC could 
step up the low side voltage to the high side voltage by nominal 
factor of 125 at 60 Hz. This factor may not be constant with changes 
in frequency due to changes in power factor because of the 
capacitive nature of the reactor system. The discharge occurred in a 
quartz tube with an i.d. of 7 mm between two stainless steel 
electrodes. The upper wire electrode is centered axially within the 
reactor tube, while the lower electrode is a circular plate with four 
holes to allow gas to pass through the reactor and is positioned 
perpendicular to the reactor axis 

For this system, the conversions are defined as:  
Conversion of methane = (moles of CH4 consumed/moles of CH4 

introduced) x 100 % 
Conversion of carbon dioxide = (moles of CO2 consumed/moles 

of CO2 introduced) x 100 % 
H2/CO mole ratio = moles of H2 produced/moles of CO produced 
CO/C2 mole ratio = moles of CO produced/moles of ethane, 

ethylene and acetylene produced 
In some cases, at lower methane conversions, the product 

material balances could be below 80%, however in most cases the 
product carbon balance was in the 80-90% range. Water was not 
quantified. 

 
Results and Discussion  
     In Table 1, It may be seen that in an excess of CO2, without 
water, the methane conversion is low and little CO2 is converted 
even as power is substantially increased.  In the last column, with 
addition of water, much higher conversion of both CO2 and methane 
is achieved at otherwise similar conditions.  Power is somewhat 
higher, but eV/mol of carbon converted is lower despite a 50 percent 
dilution of CO2 and CH4 by the water.  With the excess CO2, little 
C2 formation occurs and the H2/CO is quite low.  
     At a CO2:CH4 ratio of 5:1, methane conversion is substantially 
increased with a more modest increase in CO2 conversion.  With 
less water, at 30 %, energy consumption per C converted is 
substantially reduced compared to 50 % water.  Also noticeable is a 
substantial suppression of C2 production with increased water 
content.  At 30 percent water in the feed, are increases in both 
conversions but hydrogen production appears to be significantly 
reduced. 
     The results at the stoichiometric CO2:CH4 ratio of 1:1 and 50% 
water vapor are shown in Table 3.  The conversions are similar to 
those at the 3:1 ratio with the same power and water content, but 
Energy consumption per C converted is lower due to decreased CO2 
dilution since methane conversion is the higher of the two. Increased 
power at 1:1 ratio shows increased conversion except when the 
frequency is increased.  The increase in frequency essentially 
“detunes” the system, reducing the power factor and the power 
actually applied to the plasma.  Power is actually measured on the 
low voltage side and therefore includes all high voltage system 
losses.  A system designed to properly match impedances and 
operate at a high power could significantly lower the real power 
usage over that reported here.  The lower CO2:CH4 ratio results in 

greater C2 production.  C2’s may be undesirable components of 
synthesis gas,  
 
 
 
 

Table 1.  Effect of Power and Water on CO2 Reforming  
at a 3:1 CO2: CH4 Ratio 

Flowrate (sccm) 100 100 100 100 
CO2:CH4 3 3 3 3 
% vapor 0 0 0 50 

Gas gap (cm) 1 1 1 1 
Low side 

Voltage(V) 57 68 79 62 
Frequency 300 400 500 400 
Power (W) 11 11 11 14 

Power Factor 0.56 0.48 0.42 0.78 
Current (Amp) 0.35 0.34 0.33 0.29 

XCH4 11.5 19.2 14.0 34.4 
XCO2 1.5 4.1 2.0 13.0 
SCO 63.4 52.9 47.8 99.9 
SH2 - - - - 

SC2H6 13.8 5.9 11.6 1.0 
SC2H4 13.6 9.1 13.0 1.0 
SC2H2 18.8 17.6 14.9 4.5 
Stotal 109.6 85.5 87.3 106.3 

eV/mC(CO2+CH4) 41.4 21.0 33.0 23.3 
H2/CO 1.28 1.26 1.31 0.65 
CO/C2 2.74 3.24 2.42 31.07 

 
 

Table 2.  Effect of Power and Water on CO2 Reforming with 
Water at a 5:1 CO2:CH4 Ratio 

 
Flowrate (sccm) 100 100 100 

CO2:CH4 5 5 5 
% vapor 30 30 50 

Gas gap (cm) 1 1 1 
Low side Voltage(V) 62 75 79 

Frequency 300 300 400 
Power (W) 11 13 14 

Power Factor 0.43 0.35 0.43 
Current (Amp) 0.41 0.50 0.41 

XCH4 51.1 57.4 58.1 
XCO2 13.2 17.1 18.2 
SCO 85.3 86.4 100.2 
SH2 - - - 

SC2H6 0.0 0.0 0.0 
SC2H4 2.3 1.6 0.0 
SC2H2 13.2 9.9 2.9 
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Stotal 100.8 97.9 103.1 
eV/mC(CO2+CH4) 12.1 11.7 17.1 

H2/CO 5.00 0.44 0.41 
CO/C2 11.05 14.97 68.83 

 
 

but the olefinic nature of those produced here are reactive on Fischer 
Tropsch catalyst systems and therefore may be suitable for feeds to a 
Fischer Tropsch Synthesis Reactor.  The H2/CO ratio is close to that 
desired for Fischer Tropsch or methanol and may be controllable by 
altering the water content. 
 
Table 3.  Effect of Power on CO2 Reforming with Water at a 1:1 

CO2: CH4 Ratio 
Flowrate (sccm) 100 100 100 100 

CO2:CH4 1 1 1 1 
% vapor 50 50 50 50 

Gas gap (cm) 1 1 1 1 
Low side 

Voltage(V) 57 66 88 97 
Frequency 300 300 400 600 
Power (W) 11 13 14 14 

Power Factor 0.54 0.45 0.34 0.40 
Current (Amp) 0.36 0.43 0.47 0.36 

XCH4 40.5 44.3 47 30 
XCO2 19.6 20.9 21 12 
SCO 55.5 60.2 56 72 
SH2 - - - - 

SC2H6 1.5 1.4 1 3 
SC2H4 4.6 4.5 5 5 
SC2H2 22.7 23.8 26 21 
Stotal 84.3 89.9 88 101 

eV/mC(CO2+CH4) 11.0 12.0 12.3 19.7 
H2/CO 1.90 1.85 1.9 1.7 
CO/C2 3.85 4.05 3.5 4.9 

 
 

Table 4.  Water Gas Shift Reaction Pathway 
 

Flowrate (sccm) 100 100 
CO2:CH4 50%CO 50%CO2 
% vapor 50 50 

Gas gap (cm) 1 1 
Low side Voltage(V) 63 85 

Frequency 600 400 
Power (W) 7 10 

Power Factor 0.49 0.27 
Current (Amp) 0.23 0.44 

XCH4 Xco = 6.03 0 
XCO2 0 1 
SCO - 112 
SH2 - - 

SC2H6 0 0 
SC2H4 0 0 
SC2H2 Sco2 = 105.05 0 
Stotal 105 112 

eV/mC(CO2+CH4) 34.6 352.7 
H2/CO H2/CO2 = 0.87 0.0 
CO/C2 - - 

 
 
     Lastly, in Table 4, results of reacting with CO or CO2 with water 
are shown.  CO2 and water are essentially unreactive under the 
conditions of this experiment, where of course both species are 
strongly favored by thermodynamics.  CO and water or converted to 
some extent with the expected production of hydrogen and CO2.  
Power consumption is high under these conditions, but a lower value 
might be feasible under optimal conditions. 
 
Conclusions 
     CO2 combined with steam reforming at moderate conversion 
levels has been demonstrated at near ambient conditions with 
moderate power consumption.  Under most conditions, carbon 
formation was not an operational problem.  If long term operation 
with high conversions can be demonstrated, a process can be 
envisaged wherein the cost and efficiency of using electricity to 
drive the reaction is counter-balanced by lower costs and simpler 
operation (without oxygen).  For smaller resources and more remote 
locations, these tradeoffs may be highly advantageous.  Whether 
there is a net reduction in CO2 impact compared to more 
conventional reforming/partial oxidation syn gas generation 
processes can only be determined by a detailed life cycle analysis 
and not simply by the reaction equations. 
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Introduction 

Many efforts have been focused on the activation of methane to 
more valuable products in the last two decades.  Many studies have 
been done in order to produce more valuable products from natural 
gas, of which methane is the major constituent.  Natural gas is an 
inexpensive and abundant energy resource.  Therefore, effective and 
economic processes to obtain higher hydrocarbons, methanol and/or 
synthesis gas would be valuable. 

Thermal,1-3 homogeneous,4-6 and heterogeneous7-10 catalytic 
conversions of methane to higher hydrocarbons have been studied by 
many authors. Due to the high thermodynamic stability of methane 
compared with that of higher hydrocarbons, methane can only be 
thermally converted to C2+ hydrocarbons at temperatures higher than 
1400 K. The products are unsaturated and unstable hydrocarbons 
such as acetylene. Therefore, appropriate temperature, residence time 
control, and rapid reaction quenching are necessary to achieve 
selectivity to desired products. Otherwise, carbon and hydrogen will 
be the only products. 

The use of microwave heating to induce chemical reactions has 
been studied for several years.  Over the past decade microwave 
heating has been employed extensively in organic37-41 and inorganic 
synthesis.41-55  Microwave-induced  catalytic reactions have been 
studied extensively by Wan and coworkers.25,35,27-29,58-61  We have 
studied the oligomerization of methane to higher hydrocarbons using 
Ni powder, Fe powder, and activated carbon.62  Oligomers ranging 
from C2 to C6 hydrocarbons have been produced in a relatively high 
selectivity depending on the nature of the catalyst, power level, and 
the presence of He as a diluent gas.  

Nickel catalysts have been shown to be highly selective and 
effective catalysts to lower the activation energy of breaking the 
carbon-hydrogen bond.  Although microwave heating has been 
studied very systematically for the oligomerization of methane it is 
not clear yet what other factors might affect the activity and product 
distribution of this reaction.  In this work, we studied the systematic 
effects of frequency and magnitude of the applied microwave 
radiation on the conversion and product distribution of methane 
oligomerization using nickel catalysts in the presence and absence of 
He as a diluent gas. 

 
Experimental Section 

Microwave Apparatus and Gas System. Oligomerization of 
methane was carried out in a flow reactor system.  A Lambda 
Technologies variable frequency unit, Vari-Wave model VW-2750 
was used for these experiments.  The reactor, a straight 3/8 in-quartz 
tube, was mounted horizontally inside the cavity.  Methane gas as 
well as He diluent gas was mixed in a panel when necessary and 
flowed into the quartz reactor. High Purity (HP) grade methane 
obtained from Matheson and Ultra High Purity (UHP) helium 
purchased from Airgas were used.    

Various frequencies and modes were produced in the microwave 
cavity.  This cavity allows TM01n modes (n = 2 to 9) over a frequency 

range of 2.400 to 5.056 GHz.  The cavity was designed by Lambda 
Technologies to have different modes for each frequency. Our 
experiments were done with and without diluent at 2.40 GHz at 
TM012 and also at 4.60 GHz at TM018 for comparison.  Thermal paper 
was inserted into the microwave cavity and used to map the heating 
patterns of the various modes. 

The length of the aluminum cavity was 29.5 cm and the radius 
was 5.15 cm.  In order to ensure microwave absorption for a specific 
frequency value and power level, the reflected power had to be 
minimized first by means of a tuning knob and the frequency tuning 
control on the main panel.  Therefore, the working frequency is a 
result of the tuning process.  Reflected power higher than 60 W 
makes the safety feature of the unit shut off.  Thus, not all 
frequencies are possible for a particular system.  

Catalyst. Nickel powder catalyst with morphology of branched 
filaments was used for these experiments.  The diameters of the 
filaments were 2.5 µm as measured in a Scanning Electron 
Microscopy (SEM) photograph.  Clusters of nickel metal particles 
were aggregated to form the filaments.  The catalyst (100 mg) was 
placed inside the reactor with high purity quartz wool on either side 
of the catalyst bed.  The reactor was placed in the center of the 
aluminum cavity.  Helium was flushed for 30 min through the reactor 
to purge the atmosphere. 

The experiments were run at two different flow rates: 3 mL/min 
of pure methane; and 12 mL/min of a 3:1 mixture of helium and pure 
methane respectively at atmospheric pressure.  Samples for analyses 
were taken after 3 min of irradiation time for each power level (100, 
130, 170, 210, 300, and 370 W). 

Product Analysis. Products were trapped using a 4 way-gas 
sampling valve and analyzed by using an HP5890 Series II  
Chromatograph equipped with a mass detector.  Details about the Gas 
Chromatographer/Mass Spectrometer (GC/MS) were published 
elsewhere.62 
Results 

Microwave Induced-Oligomerization (MIO) of methane was 
performed at two different frequency levels (2.40 and 4.60 GHz).  It 
was not possible to set the unit to operate under other frequencies.  
The effect of power and the presence of helium as diluent gas on 
conversion and product distribution were also studied at these two 
different frequency values.  A summary of the results can be seen in 
Table 1.   

 

Flow rate Time Power(a) 
Astex 
Unit Var. Freq. Unit(b) 

 Feed 
(mL/min) (min) (W) 2.45 GHz 2.40 GHz 4.60 GHz  

130 N.R. N.R Y  CH4 3 3 
370 Y N.R Y  

130 N.R. N.R Y  CH4:He  3:9 3 
370 Y Y Y  

 
Table 1.  Summary Results. N.R. = no reaction; Y = see Fig. 4 - 7 for 
product distribution. (a) 100, 130, 170, 210, 300, 370 Watts of power 
level were used.  Those not shown in the table were neither relevant 
nor reaction detected at any frequency. (b) It was not possible to set 
other frequency values with successful microwave absorption. 
 

No visible arc formation was detected during these runs and the 
catalyst bed remained the same after reaction (checked by SEM 
photographs).  Ethylene, acetylene and ethane were the major C2 
products observed for the oligomerization of methane via microwave 
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heating using Ni powder as a catalyst.  Benzene was also formed with 
selectivities that ranged from 10 to 29%.  In the case of 25% diluted 
methane as a feed and low frequencies (2.45 GHz), low selectivities 
of benzene were detected (2 to 5%).     

 
 

0

 
 
 
 0
 
 
 
 
 
 
 
 

Figure 1. Effect of applied power on product distribution at 4.60 
GHz using pure methane as a feed and nickel powder catalyst 
 

Pure Methane as Reactant. When using pure methane as 
reactant, as power increased from 130 to 370 W at 4.60 GHz, 
conversion increased from 8 to 24%.  Selectivities towards C2s 
decreased from 60 to 45% and selectivities to C6s increased from 6 to 
29% (Figure 1).  Acetylene was not detected at low power (130 W).  
At 370 W, the relative proportions of C2 products were ethylene > 
acetylene > ethane.  At a low frequency (2.45GHz), when using pure 
methane as reactant, oligomerization was not achievable using the 
variable frequency unit.  Therefore, for pure methane, the effect of 
frequency was compared using an ASTEX unit at the same 
conditions except at a fixed 2.45 GHz frequency (for more detail see 
previous publication).62 The selectivities towards C2s decreased from 
71 to 45% and the selectivities towards benzene (C6s) increased from 
20 to 29% when the frequency was increased from 2.45 to 4.60 GHz 
at 370 W.  The selectivities towards ethylene, acetylene, and ethane 
decreased as frequency increased, maintaining their relative 
proportions (Figure 2). 

 
 
 0
 
 
 
 
 
 
 
 
 
 
 

Figure 2. Frequency effect on product distribution at 370 W using 
pure methane as a feed and nickel powder catalyst 
 

Methane Diluted in He (25%). When the feed was changed to 
25% methane in helium, as power was increased from 130 to 370 W 
at 4.60 GHz, conversion increased from 6 to 8%, selectivities towards 
C2s decreased from 83 to 72%, and selectivity towards benzene 
increased from 1 to 10%.  Conversion levels were lower than those in 
the case of using pure methane as a feed (6 and 8% compared to 8 
and 24%).  Also, while increasing power, less drastic changes in 

selectivity towards C2s and C6s were observed than those when using 
pure methane (See Figures 1 and 3).   

Acetylene was not detected at 130 W and 4.60 GHz frequency.  
The relative proportion of C2s changed from ethylene > ethane to 
ethane > ethylene > acetylene as power was increased from 130 to 
370 W (Figure 3), which was different from the proportion of C2s in 
the case of pure methane as a feed (ethylene > acetylene > ethane).  
The systematic effect of frequency was studied using the Lambda 
variable frequency unit and comparisons were also made when using 
the fixed frequency ASTEX unit in order to check for reproducibility 
of results at low frequency (2.45 GHz).   
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Figure 3.  Effect of applied power on product distribution at 4.60 
GHz using methane diluted in helium (25%) and nickel powder 
catalyst. 

 
The data here show that both the ASTEX fixed frequency and 

the Lambda variable frequency systems behave almost the same 
when comparing data at low frequency (2.45 GHz) with respect to 
conversion levels (about 7%) and product distributions (Figure 7) at 
370 W.  As frequency was increased from 2.45 to 4.60 GHz, 
selectivities towards C2s decreased from 81 to 72% and selectivity 
towards benzene increased from 5 to 10% (Figure 4).  When using 
He as diluent at 370 W, the only C2 detected was ethane at a low 
frequency value (2.45 GHz).  As frequency was increased from 2.45 
to 4.60 GHz, the proportion of C2 products changed from ethane to 
ethane > ethylene > acetylene (Figure 4).  The effect of frequency on 
product distribution among C2s was different with respect to the case 
of pure methane in the feed as seen in Figures 5 and 7.  The 
proportion of C2s changed from ethylene > acetylene > ethane to 
ethane > ethylene > acetylene at 4.60 GHz.  At 4.60 GHz and pure 
methane, selectivity of benzene was higher than that at 4.60 GHz and 
diluted methane (29 vs. 10% respectively). 
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Figure 4.  Frequency effect on product distribution at 370 W using 
methane diluted in helium (25%) and nickel powder catalyst 
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The increase in the duration of the pulse in order to achieve a 
certain average power and therefore an increase in the surface 
temperature of the catalyst explains the general trend where 
conversion increases as power increases.  Conversion levels were 
smaller when using He as a diluent in the feed due to the fact that the 
residence time was about four times smaller than that when using 
pure methane in the feed  (0.08 vs. 0.33 min-1 respectively). Allowing 
the reactant to spend more time in the reaction zone will permit the 
methane molecules to find adequate sites for reaction to occur.  Since 
the irradiation time of the catalyst was small (3 min), the bulk 
temperature was not completely homogeneous.  That is, there were 
hot spots, cold spots, and intermediate temperature spots.  Methane 
will only react on those sites that have reached the proper 
temperature.  Thermodynamic analysis has indicated that a catalyst 
particle surface temperature on the order of 1400oC – 1600oC is 
required to yield C2 products from methane.67 The proportion of C2 
products changed from ethylene > acetylene > ethane when using 
pure methane to ethylene > ethane > acetylene when using methane 
and He in the feed.  More benzene was also formed when using pure 
methane. These observable facts can be explained by both the 
difference in reagent residence time and the difference in 
concentration of methane. Wan found that sudden cooling of products 
would favor the formation of ethylene and ethane. 67 For the case of 
CH4:He feed, low concentration of active intermediates and products, 
relatively cold He molecules combined with low residence time, 
would give the molecules more likelihood for rapid quenching. As 
mentioned previously, benzene very likely comes from the 
trimerization of acetylene. High concentrations of methane will 
statistically favor the formation of acetylene and benzene. Including a 
diluent in the feed will help prevent the coupling of intermediates to 
these products.63-66 

 
 
 
 
 
 
Figure 5.  Fresh nickel catalyst Temperature-Programmed 
Desorption analysis 

 
There are different sources of oxygen that account for the 

formation of carbon monoxide and carbon dioxide detected.  Nickel 
catalyst was used as received for the experiments.  Subsequent 
temperature-programmed desorption analysis revealed the presence 
of oxygenated species in the catalyst as seen in Figure 5. 
 
Discussion 

Microwave radiation does not have sufficient energy to cause 
any chemical changes, such as breaking bonds and transferring 
electrons.  Nickel catalyst strongly absorbs microwave energy 
providing the necessary kinetic energy for the surface electrons to 
enhance the surface chemical reaction. The energy absorbed by the 
metallic sites is transformed from a rapid oscillating electric field into 
thermal energy.  Since only the catalyst surface site is heated, there is 
a large temperature gradient between the surface and the bulk of the 
gas phase.  The reaction pathway most likely proceeds via formation 
of free radical intermediates as shown by Wan et. al.56 The primary 
decomposition fragment from methane is the methylene radical 
which recombines on very hot surfaces to yield acetylene, whereas on 
cooler surfaces it leads to the formation of ethylene.  This finding is 
in agreement with our results as seen in Figures 4 and 6, which show 
formation of acetylene as power increased.  Equations 1-7 summarize 
some of the proposed reactions:  

At present, the issue of microwave effects is very controversial.  
Unfortunately, many of the expected results from microwave 
processing such as rapid and uniform heating, more uniform 
microstructures, inverse temperature profiles, and selective heating 
are included in the general category of microwave effects.  However, 
only those anomalies that cannot be predicted or easily explained 
based on our present understanding of differences between thermal 
and microwave heating should be referred to as microwave 
effects.44,68  “Microwave specific” activation has been a debated 
concept which actually refers to a unique interaction, reaction, or 
activation, specific to the microwave radiation.  Two models of the 
chemical mechanisms in such reactions have emerged from research 
work done so far on microwave induced reaction chemistry.  One 
model assumes that rate enhancement is simply due to thermal 
dielectric heating and the other assumes that there is a specific 
activation due to microwave radiation that occurs in addition to the 
dielectric heating mentioned earlier.69 

 CH4 → :CH2 +    H2  (1) 
         2 CH4 →  C2H4 +  2 H2  (2) 
         2 CH4 →  C2H2 +  3 H2  (3) 
C2H4  +  H2 →  C2H6   (4) 

Our work is unique in the sense that systematic frequency 
effects have been found to markedly influence conversion and 
selectivity under microwave radiation in the oligomerization of 
methane.  The effect of frequency on product distribution for the 
oligomerization of methane was studied with and without He as a 
diluent.  It is a fact that when increasing microwave frequency, 
selectivities towards C2s decreased and selectivity towards C6 
increased for both cases (with and without diluent).   

     3 C2H2 → C6H6   (5) 
 

The presence of H2 from reaction (1) leads to hydrogenation of 
olefins and production of ethane as shown in reaction (4).  The highly 
reactive methylene (:CH2) intermediate can be used to elucidate the 
formation of ethylene and acetylene as indicated in reactions (2) and 
(3).  The formation of benzene may be explained by the well-known 
cyclization reaction given in Equation (5).  This is in agreement with 
the fact that selectivity of benzene increases as selectivity of 
acetylene also increases.  Another viable mechanism for ethylene and 
acetylene formation could involve the dehydrogenation of secondary 
hydrocarbons: 

All C2 hydrocarbons decreased as frequency increased when 
using pure methane feed.  When using He as a diluent, ethylene and 
acetylene increased as frequency increased while ethane decreased 
(see Figures 4 and 7).  These effects on product distribution are 
related to the transverse magnetic modes at different frequencies that 
would generate diverse transient heating patterns.  The two 
parameters that define the dielectric properties of materials and 

 C2H6 → C2H4 + H2 (6) 
 C2H4 → C2H2 + H2 (7) 
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concomitant heating patterns are dielectric constant and dielectric 
loss.   

As quenching of intermediates has an important role in ethylene 
formation, different transient heating patterns would affect the 
environment in which the reaction is taking place, consequently 
affecting the selectivities of the final products.  The dielectric 
constant, e’, describes the ability of the molecules to be polarized by 
the electric field.  At low frequencies this value will reach a 
maximum as the maximum amount of energy that can be stored in the 
material.  As frequency increases e’ decreases as shown by Mingos et 
al.70 The dielectric loss, e”, measures the efficiency at which 
microwave energy can be converted into heat and goes through a 
maximum as frequency increases.70 The relationship between these 
two parameters e”/e’ defines the dielectric loss tangent, tan δ, which 
measures the ability of a material to convert electromagnetic energy 
into heat at a given frequency and temperature. The dielectric loss 
also goes through a maximum as frequency increases.  Therefore, 
higher formation of benzene-acetylene at higher frequency in our 
experiments can be explained by the increase of the dielectric loss as 
frequency increases before going through the maximum. Greater 
dielectric loss is directly related to greater temperatures, consequently 
related to acetylene formation.56 Acetylene is later consumed in the 
trimerization reaction to obtain benzene, which is detected in the final 
products. 
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Introduction
Hydrogen enriched fuel gases offer the potential for efficient

low NOx combustion processes. The reduction of NOx-emission is
caused by a reduction of the adiabatic flame temperature due to sta-
ble, lean combustion and in some cases due to steam addition or ex-
haust gas recirculation. In the past reduced NOx-emissions both from
gas turbines1,2 and internal combustion engines3 were reported. At the
same time the energy efficiency of internal combustion engines3 was
improved for 15-50 % compared to pure gasoline operation. In sta-
tionary applications there is an additional potential for the reduction
of specific CO2-emissions: If the hydrogen is generated by integrated
reforming of fossil fuels, carbonaceous products  of the reforming re-
action like CO2

4, solid carbon5 or in the case of methane higher hy-
drocarbons6 may be separated prior to combustion and utilized as raw
material e.g. in the chemical industry. For mobile application of PEM
fuel cells requiring hydrogen as a fuel on-board generation of hydro-
gen is desirable because of the high energy storage density of gaso-
line or diesel fuel.

Large scale production of hydrogen is performed e.g. by cata-
lytic steam reforming of methane. However, this process requires a
temperature of about 900 °C. At lower temperatures catalyst coking
and poisoning can get a problem. For the generation of hydrogen en-
riched fuel gases a low temperature reforming process which is not
sensitive to coking or poisoning would be desirable.

Recently plasma reforming has been proposed for the efficient
generation of hydrogen and higher hydrocarbons in a compact, light
weight reactor. For large scale application arc based plasma torches
heating the gas very rapidly to temperatures of several thousand de-
grees  Celsius for complete fuel conversion are utilized. However, for
small scale application and for incomplete fuel conversion non-
thermal plasmas which avoid excessive gas heating are a much better
choice. Non-thermal plasma (NTP) reforming induced by dielectric
barrier discharges (DBD) has been shown to have the potential for
the generation of hydrogen and higher hydrocarbons.

In facilities where waste heat can be utilized to support NTP-
reforming an endothermic reforming process like methane steam re-
forming

CH4 + H2O → CO + 3 H2, ∆H0 = 206 kJ/mole (1)
rather than an exothermic one will be applied: However, neither

the selectivity nor the energy efficiency of DBD induced methane
steam reforming showed to be sufficient for practical application. For
this reason plasma catalytic hybrid steam reforming of methane was
investigated in the temperature range 200-600 °C.

Experiments on Plasma Induced Steam Reforming of Methane
The conversion of methane and water as well as the yields of

hydrogen, carbon monoxide, carbon dioxide, methanole, and higher
hydrocarbons up to C4Hn were investigated as a function of the gas
temperature, plasma input power, gas flow, and feed ratio of methane
to water. Methane was fed from a pressurized gas cylinder using a
mass flow controller, water was spray injected and evaporated at 250
°C. The gas mixture was heated to the desired temperature using a
tubular heat exchanger.

For gas analysis a gas chromatograph (GC: Shimadzu GC 14B
equipped with a combination of a HayeSep R/Q column and a mole
sieve 13X column) and an FTIR-absorption spectrometer (FTIR:

Perkin Elmer System 2000 with a 1 m White cell heated to 190 °C)
were applied. Prior to FTIR-analysis the gas was diluted for a factor
10 with pure nitrogen.

Dielectric Barrier Discharge Reactor.  Reference measure-
ments on NTP-induced steam reforming of methane were performed
using a coaxial DBD-reactor (Figure 1) which was thermally isolated
and thermostatically heated to the desired temperature. An alumina
tube with an outer diameter of 25 mm and an inner diameter of 20
mm was applied as a dielectric barrier between the ground electrode
and the high voltage electrode. The ground electrode was manufac-
tured by flame coating the outer tube surface. The structured high
voltage electrode  consisted of sharp edged circular discs with a di-
ameter of 16 mm fed on a stainless steel rod. The number and spacing
of the discs was chosen such that the active region of the reactor had
a length of 200 mm.

 Al2O3-tube with Ni-coating

high voltage electrodegas inlet

gas outlet

heating and
thermal isolation

Figure 1.  DBD-reactor set-up for methane steam reforming.

Dielectric Packed Bed Reactor.  Plasma catalytic experiments
were carried out in a thermostatically heated dielectric packed bed
(DPB) reactor, which combines the features of a catalytic fixed bed
tube reactor and of a DBD reactor (Figure 2). Its ground electrode
and barrier were identical to those of the DBD-reactor. A stainless
steel tube with an outer diameter of 10 mm was used as inner elec-
trode. Thus a discharge gap 10 mm was obtained, which was filled
with the catalyst packing consisting of nickel dispersed on ceramic
pellets having diameters between 2 and 4 mm. For electrical dis-
charge excitation a sinusoidal high voltage power supply with a
maximum output power of 600 W was applied.

 Al2O3-tube with Ni-coating

high voltage electrodegas inlet

gas outlet

heating and
thermal isolation

catalyst bed

Figure 2.  DPB-reactor set-up for methane steam reforming.

Experimental Results
DBD-Induced Reforming. We found that DBD-induced CH4-

conversion and product yields depended on all parameters under in-
vestigation. As a reference the dependencies on temperature and
plasma input power are shown in Table 1 and Table 2, respectively.

Because the net water conversion was negligibly small, the hy-
drogen yield was calculated under the assumption that only CH4 but
not H2O contributes  to H2-formation. It depends much stronger on
power than on temperature. The conversion of CH4 is roughly pro-
portional both to temperature and plasma input power, however, the
yields of H2 and higher hydrocarbons (mainly C2H6) are not.

Increasing the CH4:H2O feed ratio from 1:3 to 1:1 reduced the
yields, however, the molar flows of the reaction products remained
nearly unchanged. When the flow rate was increased at constant spe-
cific plasma energy input (ratio of power to gas flow rate) both the
CH4-conversion rate and the product yields increased.
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The energy requirements for H2-generation did not depend sub-
stantially on the specific plasma energy input and decreased with in-
creasing temperature. They ranged from 2 to 8 MJ/mole H2.

Table 1.  Dependence of Conversion and Product Yields
on the Temperature

T [°C] CH4-conversion and product yields [%]
CH4 H2 CH3

OH
CO CO2 C2H6 C2H4 C3H8 C3H6 C4H10

200 2.3 1.3 0.23 0.43 0.02 1.4 0.03 0.39 0.00 0.45
400 4.9 1.7 0.11 0.31 0.05 2.6 0.11 0.68 0.01 0.37
600 7.9 2.7 0.00 0.21 0.19 4.1 0.71 0.73 0.12 0.26

Experimental conditions: Plasma input power 50 W, flow rate 1 Nliter/min,
feed ratio CH4:H2O = 1:2

Table 2.  Dependence of Conversion and Product Yields
on the Plasma Input Power

P [W] CH4-conversion and product yields [%]
CH4 H2 CH3

OH
CO CO2 C2H6 C2H4 C3H8 C3H6 C4H10

50 2.3 1.3 0.23 0.43 0.02 1.4 0.03 0.39 0.00 0.45
100 6.9 2.4 0.43 0.79 0.06 2.2 0.06 0.67 0.00 1.03
150 12.1 4.1 0.46 0.96 0.12 3.8 0.12 1.20 0.04 1.78
200 17.3 6.5 0.57 1.12 0.22 5.1 0.28 1.64 0.12 1.35

Experimental conditions: Temperature 200 °C, flow rate 1 Nliter/min, feed
ratio CH4:H2O = 1:2

Plasma-Catalytic Hybrid Reforming. In contrast, when
plasma-catalytic hybrid treatment was applied both methane and wa-
ter were converted (Figure 3). Therefore now the H2-yield was cal-
culated taking into account both the CH4 and the H2O-feed.   At tem-
peratures below 400 °C no catalytic conversion was observed when
the plasma was switched off. In this temperature range mainly H2,
CO2, and small amounts of C2H6 were formed by plasma-catalytic
hybrid reforming. At temperatures above 400 °C substantial CO-
yields were achieved, and the CO2-yield dropped relative to the H2-
yield. In contrast to DBD-reforming the C2H6-yield gets negligible at
higher temperatures.
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Figure 3.  Plasma-catalytic hybrid reforming of methane – conver-
sion as a function of the temperature (flow rate 1 Nliter/min, plasma
input power 150 W,  feed ratio CH4:H2O = 1:2)
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Figure 4.  Plasma-catalytic hybrid reforming of methane – conver-
sion as a function of the plasma input power (flow rate 1 Nliter/min,
temperature 400 °C,  feed ratio CH4:H2O = 1:2)

Conversion and yields increased linearly with the plasma input
power. At temperatures around 400 °C and input powers above 60 W
the yields of H2 and CO2 exceeded the values calculated from ther-
modynamic equilibrium relations. With increasing power an increas-
ing selectivity towards CO-formation was observed whereas the se-
lectivity for CO2-formation decreased.

The dependency of CO- and CO2-concentrations on specific en-
ergy and temperature may be explained by the assumption that CO is
formed by plasma induced gas phase processes and by catalytic proc-
esses, whereas CO2 is mainly formed due to a low temperature cata-
lytic water shift reaction converting CO to CO2.

At temperatures above 200 °C by the combination of plasma and
catalyst the energy requirements were reduced compared to DBD-
treatment. Values as low as 315 kJ/mole H2 were achieved at 600 °C.

Conclusions
NTP-reforming of methane in CH4-H2O-mixtures was investi-

gated. Dielectric barrier discharges mainly induce formation of H2
and C2H6 by decomposition of CH4 at negligible H2O-conversion.
Numerical simulations of the DBD-induced chemical kinetics
showed that 38 % and 7 % of the energy dissipated in discharge fila-
ments are spend for CH4- and H2O-dissociation respectively.

By the combination of the DPB-plasma and a Ni-catalyst high
H2O-conversion rates and selectivities towards H2- and CO2-
formation were achieved. For temperatures above 200 °C the energy
requirements dropped for an order of magnitude down to values as
low as 315 kJ/mole H2 at 600 °C. Further improvements can be ex-
pected if thermal losses e.g. due to barrier heating could be avoided,
which may be well above 60 % of the plasma input power.
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Introduction 

A mixture of H2 + CO (called "synthesis gas" or "syngas") is an 
important bridge to several chemical syntheses like methanol or 
synthetic liquid fuels through the Fischer-Tropsch syntheses. 
Nowadays, syngas starts to be also considered as simple fuel that can 
be converted to electric energy in Solid Oxide or Molten Carbonate 
Fuel Cells (FC). These two kinds of FC use both H2 and CO as fuel 
while other cells accept only pure hydrogen; in addition other cells are 
poisoned by traces of CO. syngas is almost certain to play a major role 
in the massive production of pure hydrogen in the near- to medium-
term future. This production, for exclusively H2-based FC or other 
chemical, petrochemical, metallurgical or space applications, would go 
through hydrogen separation from the syngas, followed by the "water 
shift" in which remaining CO is converted to H2 then polished using a 
less or more deep purification. 

It also appears that in the near- to medium-term future most of 
syngas production will be based on fossil fuel reforming, mostly 
Natural Gas (NG). Small- and medium-scale reforming would allow 
using a pipeline distributed NG as well as numerous small NG 
sources. However, conventional reformers require careful attention to 
heat management, feed introduction, catalysts, etc., and entail solution 
of a set of difficult problems. 

Our SynGen reformer based upon the gliding discharges 
(GlidArc) plasma principle solves many of these problems when using 
the electrically assisted Partial Oxidation (POX) of NG. For the sake 
of simplicity and economics, the unique oxidant (oxygen) source we 
use is atmospheric air. Although enriched oxygen up to and including 
“pure” oxygen can be used. 
 
Thermodynamics and Energetics 
 The exothermic chemical reaction describing the POX of a 
mixture of HC contained in NG can be written as: 
 CnH2n+2 + n/2 O2 → n CO + (n+1) H2. (1) 
For pure methane the reaction is: 
  CH4 + 0.5 O2 → CO + 2 H2  (2) 
with a weak exothermic effect of ∆H° = -36.1 kJ per mol of converted 
methane. This heat of reaction is insufficient to keep moving it 
properly; it represents less than 5% of the methane full combustion 
heat so that extra heat and/or catalysts are necessary in classical 
technologies. For example, an O2/CH4 ª 0.5 ratio could be used to 
burn a part of the methane feed. However, this adds steam and CO2 
into the syngas. As a compromise, we install gliding discharges 
directly in the reacting mixture; they add an active electric energy and 
catalytic species.  
 
Experimental 

A bench scale GlidArc stainless steel reactor, similar to those 
previously described1,2 was used as reformer; it is shown schematically 
on the Fig. 1. 

The reactor /1/ uses six steel electrodes /2/ (only two electrodes 
are shown) that delimit a nozzle-shaped volume /3/ where gliding 
electric discharges /4/ may develop. This reactor contains a nozzle /5/ 

blowing the premixed NG + air mixture /6/ to be converted in the 
space /7/ between the electrodes arranged so that the mixture flows 
along the central part of these electrodes exposed to the discharges.  

The discharges pre-ionize the gas at the point /9/, glide on the 
electrodes and disappear at the point /10/ near the end of the 
electrodes, to appear once again at the initial point. The process is 
sequential and the lifetime of a single discharge /4/ ranges from 1 to 
20 ms, depending on the linear speed of the fluid in zones /7/, /9/, /3/ 
and /10/. Given the moderate temperature of the electrodes (not 
cooled) and a very short contact time of the discharge root /8/ with 
the electrodes, we do not observe any deterioration that may prevent 
the gliding of these current-limited discharges.  

 
Figure 1. Schematic view of the GlidArc reformer. 

 
Two flanges close the tubular reactor. One /11/ supports the 

electrodes through with high voltage connectors /12/. The other one 
/13/ closes the reactor on the other side and comprises a product 
output tube /22/. The entire structure is tight; it can support a pressure 
of 0.6 MPa (measured at point /21a/) but for the present tests we 
worked at slightly higher than atmospheric pressure. 

A perforated plate /14/ separates a void plasma zone /15a/ and a 
post-plasma zone /15b/ which is partially filled with metallic Ni pads. 
The plate /14/ makes it possible to run products from the plasma 
treatment to the post-plasma zone. The reactor is insulated externally 
and internally by ceramic felts and tube /16/ and /17/ in order to keep 
it hot. The plasma zone is also insulated by a heat resisting felt /18/. 
The total free volume (in terms of fluid) inside the reactor is about 
2 L. No part of the reactor is cooled in a forced manner. Two holes in 
the flange /13/ provide for the connection of a pressure gauge /21a/ 
and for the insertion of a thermocouple /21b/ measuring the 
downstream temperature.  

With almost punctual injection of the fluid between the 
electrodes we already provoke a phenomenon of re-circulation /23/ of 
the reactants in the gliding discharge zone. In order to reinforce this 
re-circulation, we also add this separating plate /14/, thus dividing the 
reactor in two parts. The perforated plate provides for the flow of 
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reactants (partially consumed) and “long-living” active species 
resulting from the excitation of the gases by the gliding discharges. In 
the post-plasma zone, the conversion is thus completed in the 
presence of that space filling. The luminous zone of the gliding electric 
discharges, as well as part of the wall of the zone, can be observed 
through a window /24/ in order to verify the proper operation of the 
reactor and to determine (through a pyrometer) the temperature in the 
compartment /15a/. 

The reactor is fed by controlled (through mass flow meters) 
flows of compressed air and NG. Both flows were mixed together 
before their injection into the reactor. 

A high voltage system provides both the pre-ionization of the 
medium and then the transfer of electric energy into the gliding 
discharges. The 6-phase system is composed of neon transformers. 
The time-averaged electric power of the reactor was measured using a 
3-phase kWh-meter and a chronometer. We are taking into account a 
power consumption of the transformers themselves. The net GlidArc 
power during our tests was up to 0.85 kW. 

The reforming products were flared. The flame spectrum gave us 
an important indication of the process. When the flame was satisfying 
we sucked a sample of the gas product through anhydrous CaCl2 and 
analyzed immediately using gas chromatography methods. We use 
two chromatographs, each dedicated to individual dry gases: H2, N2, 
O2, CO, CO2 and CH4 for the first, and all the HC for the second.  

The gas from the town pipeline has the following composition (in 
vol. %) according to our analysis: CH4 84.5, C2H6 10.4, C3H8 2.2, 
C4H10 0.7, C5+ 0.1, N2 1.6, and CO2 0.6. We sucked it from the low-
pressure pipeline and than compressed it. The flow-rate from our 
"source" could be well stabilized at the levels from 19 to 25 L(n)/h. 

 
Results and Discussion 

Continuous run times for NG were 160 min and 560 min. During 
these two long runs we fully analyzed syngas samples as well as input 
air/NG and pure NG samples. Table 1 shows some parameters and 
results from these runs. For soot presence checking we installed a 
quartz filter at the stream of the produced syngas. Then, after a certain 
time, the filter was removed for appreciation. The mass increase of the 
filter was always less than 0.1 mg. A gray or white color of the filter 
indicated a very little or no soot presence. 
 

Table 1. Results of completely non-sooting reforming of NG. 
 

Flow rate input air L(n)/min 81 

  NG L(n)/min 23 

O/C atomic ratio @ input mol/mol 1.3 

Electric power injected kWe 0.79 

Output gas conc. (vol. %) CH4 4.5 

  C2H6 0.02 

  C2H4 none 

  CO2 4.0 

  CO 13 

  H2 26 

  N2 51 

Output gas flow rate in m3(n)/h  Total 7.4 

  H2+CO 2.9 

kWhe spent to produce 1 m3(n) of H2+CO 0.27 

We observe a certain slippage of CH4 while ethane, propane, and 
butane (all initially totalizing 13 vol. % in NG) are completely 
converted. No soot was observed for NG reforming at a sufficient 

O/C ratio. We are not yet at the limits of possible optimization of the 
process; from the given reactor we can probably obtain a much higher 
flow of syngas when working at higher pressures… To increase the 
reactor throughput we can also preheat both air and NG (we have a 
heat available from the hot output syngas).  
 
Conclusions 

This contribution presents some of the experimental data from 
our work thus far in 2001. Pipeline grade natural gas is almost 
completely reformed in the SynGen reactor at atmospheric pressure 
and at quite low electric power GlidArc assistance. We have 
successfully engineered novel technologies in developing a fossil fuel 
reformer. Synergy Technologies Corporation's SynGen based on non-
catalytic, plasma-assisted POX reforming offers the following 
competitive advantages: 
• We produce syngas in quality and quantity that may be applied to 

an ideal 10-kW Solid Oxide or Molten Carbonate FC.  
• For other applications, the reformer can also be a part of pure H2 

generators after a classical water-shift.  
• It is a Sulfur-tolerant, non-catalytic reforming technology and 

can therefore process any acid NG.  
• Any soot is produced. 
• SynGen reformers are compact and easily scalable.  
• No additional water or steam circuits, heaters, etc are necessary.  
• Electrical consumption for process assistance is low. 
• The process starts after only 15 min warm-up and can re-start 

after about 1 min.  
 
Further developments are in progress. Our on-road development 

includes systems to generate 15 m3(n)/h of H2+CO mix. A much 
bigger SynGen reformer for NG conversion is currently under 
development in Alberta as a part of Synergy's Gas-to-Ultra Clean 
Diesel and Gasoline advanced technology. Synergy's technology 
incorporates various proprietary and/or licensed components and is 
covered by appropriate US and PCT patents. 
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Introduction 
Modern organic synthesis has entered a phase in which there is 

a desire to achieve rapid parallel reactions. Obviously this places 
more demands on the use of volatile organic solvents.  There is 
therefore an increasing interest in using  readily available carbon 
dioxide (for example from the combustion of fossil fuels) as an 
alternative solvent.  There have been several significant recent 
reviews on the use of carbon dioxide as a solvent for organic 
synthesis.1-3   
 

In this paper we describe the applications of supercritical  
carbon dioxide (scCO2) as a solvent for various organometallic cross 
coupling reactions.  In particular we focus on the Heck4 and Suzuki5 
cross coupling reactions which have emerged as some of the most 
powerful methods of forming a bond between sp2 carbon atoms.  We6 
and Tumas7 had previously demonstrated the first palladium-
mediated examples of these reactions in scCO2, using perfluorinated 
phosphines to solubilize the palladium(0) complexes in the solvent 
medium.  Subsequently Rayner found that certain commercially 
available non-fluorinated ligands were moderately reactive in the 
presence of trifluoroacetate counterion.8  Arai used phase transfer 
catalysis,9 and most recently Bannwarth obtained promising results in 
a Stille coupling with triphenylphosphine as ligand, although the 
results were still inferior to those in which the phosphine carried 
fluorinated chains.10   
 
Results and Discussion 

Cross Coupling Reactions.  We have now found that tri-tert-
butylphosphine [P(t-Bu)3] in the presence of palladium(II) acetate is a 
very effective catalyst for Heck and Suzuki reactions in scCO2, thus 
dispensing completely with the need for fluorinated solubilizing 
groups.11  The ligand [P(t-Bu)3] has been popularized by Fu and 
colleagues12,13 as a very powerful partner in catalytic Suzuki reactions 
with unreactive substrates such as aryl chlorides.   
 

+

I

R1 CO2Me
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R1
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Scheme 1 Heck reaction in scCO2   
 

Both aryl iodides and bromides underwent the Suzuki reaction, 
although lower yields were obtained with the less reactive bromide 

coupling partners.  A variety of different bases were investigated and 
shown to be effective in scCO2.  Surprisingly these reactions 
proceeded effectively in the presence of solid tetra-alkylammonium 
acetate salts without addition of any other base.  Jeffrey has reported 
the use of tetra-alkylammonium salts for the Heck reaction in 
conventional solvents.14  Herrman has also used the corresponding 
bromide salts as neat molten solvents.15   
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Scheme 2 Suzuki cross coupling reaction in scCO2   
 

Supported catalysts have been extensively developed for use in 
organic synthesis16 and for palladium-mediated reactions on a solid 
phase support.17-18  We have also developed variants of the solid 
phase synthesis of cinnamate derivatives by carrying out Heck 
reactions on a REM resin in scCO2.11    

Polycarbonate Synthesis.  Another area of interest is the 
synthesis of polycarbonates in which carbon dioxide behaves as both 
solvent and reactant.  This work was pioneered by Darensbourg19 and 
Beckman20-21 and it shows the power of  various catalysts for this 
process.  We recently employed a Cr(III)-
tetra(pentafluorophenyl)porphyrin catalyst which was soluble in 
scCO2 as a catalyst for polycarbonate synthesis using cyclohexene 
epoxide as the monomer.22  This afforded low polydispersity polymer 
in excellent yields, but had the disadvantage that the porphyrin 
catalyst contaminated the final product (Scheme 3).    
 

O O O
Ha'

O

OHb'Cr(II) porphyrin, DMAP
scCO2, 95 ºC, 18 h m n

1 2  
Scheme 3  Preparation of polycarbonate 2 

 
 
It is now shown that an Argogel® supported chromium porphyrin 323 
is effective in the  copolymerization of 1,2-cyclohexene oxide (CHO) 
1 and CO2 (Scheme 4).   
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Scheme 4 Copolymerization of cyclohexene oxide and carbon 
dioxide in the presence of the Argogel catalyst 3 and 
dimethylaminopyridine  
 

The ring opening copolymerization of cyclohexene oxide 
(CHO) 1 and CO2 to form the copolymer poly(cyclohexenecarbonate-
co-cyclohexene ether) 2 was investigated using catalyst 3 under 
various reaction conditions.  Polymerizations were also carried out 
using an Irori Kan™ reactor25 to separate the porphyrin beads from 
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the product polymer.  This technique offered the opportunity to stir 
the reaction mixture with a magnetic stir bar and to study the 
recyclability of the catalyst.  In fact the catalyst could be used for 
several cycles without loss of activity, and produced the polymer 
with increased yield compared with the unsupported catalyst.    
 
Conclusions 

This work has demonstrated that palladium-mediated cross 
coupling reactions can be carried out with commercially available 
phosphines and on solid phase supports in scCO2.  In a second aspect 
of this work it has been demonstratedd that copolymers of 
cyclohexene oxide and carbon dioxide can be prepared under 
supercritical conditions in the presence of a polymer-suppported 
Cr(III) porphyrin catalyst.   
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Introduction 

Among C1 chemicals, methanol is the species most widely used 
in various chemical applications. More recently, it has been used as a 
clean synthetic fuel additive. Serious considerations have been given 
to it as an alternate fuel source [1], including as a convenient hydrogen 
carrier for PEM fuel cells. More active catalysts and corresponding 
lower-temperature processes with high syngas single-pass conversion 
have been the objective for many research and development efforts. 

Carbon-nanotubes (CNTs) are drawing increasing attention 
recently[2]. This kind of new carbon material possesses a series of 
peculiarities, such as, its nanosize channel, the highly conductive 
graphite-like tube-wall, the sp2-carbons constructed surface, as well 
as its excellent performance of hydrogen adsorption, which make the 
CNTs full of promise to be a novel catalyst carrier[3] or  even 
promoter.  In the present work, a CNTs-supported/promoted Cu-
ZnO-Al2O3 catalyst was prepared. Its catalytic performance for 
CO/CO2 hydrogenation to methanol was investigated and compared 
with those of the Cu-ZnO-Al2O3 systems supported by AC (active 
carbon) and γ-Al2O3. The results shed some light on the 
understanding the nature of promoter action by the CNTs and the 
prospect of developing highly active catalysts. 
 
Experimental  

The CNTs were synthesized by the catalytic method reported 
previously[4]. The prepared CNTs were multi-walled carbon nanotubes, 
with O.D. of 15-45 nm and I.D. of ∼3 nm. The N2-BET surface area 
is ∼130 m2g-1. The supported catalyst, Cu-ZnO-Al2O3/CNTs (or AC 
or γ-Al2O3), symbolized as wt%CuiZnjAlk-OX/CNTs (or /AC, γ-
Al2O3), was prepared by impregnating a certain amount of CNTs (or 
AC, γ-Al2O3) with aqueous or ethanol solution containing a calculated 
amount of nitrates of Cu, Zn, and Al, followed by drying at 373 K for 
6 h, and calcining at 473 K for 4 h.  

The catalyst test for methanol synthesis was carried out in a 
continuous flow micro-reactor-GC combination system.  0.25 g of 
catalyst sample was used for each test. Prior to the reaction, catalyst 
sample was programmedly pre-reduced by 5%H2+N2 for 12 h. 
Methanol synthesis from H2/CO/CO2 over the catalysts was 
conducted at a stationary state with feedgas composition of 
H2/CO/CO2/N2 = 62/30/5/3 (v/v) under 463-563 K and 2.0 MPa. The 
reactants and products were determined by an on-line GC (Model 
102-GD) equipped with a TC detector and dual columns filled with 
5A zeolite molecular sieve and 401-porous polymer, respectively. The 
former column was used for analysis of CO and N2 (as internal 
standard), and the latter for CH3OH, CO/N2, CO2, MF, and DMC. 
CO conversion was calculated by an internal standard analysis method, 
and space-time-yield (STY) of methanol evaluated by an external 
standard (i.e., working curve) method. 

BET-surface area of catalyst carriers was measured by N2 
adsorption using a SORPTOMATIC-1900 (CARLO ERBA) system. 
H2-TPR and H2-TPD test of catalyst was conducted on a fixed-bed 
continuous flow micro-reactor or adsorption-desorption system.  20 
mg of catalyst sample was used for each test. The rate of temperature 
increase was 10 K/min. Change of hydrogen-signal was monitored 
using an on-line GC with a TC detector. 
Results and Discussion 

Study of effect of the feedgas GHSV on the reactivity of 
methanol synthesis over the 40wt%Cu6Zn3Al1-OX/CNTs catalyst 
showed that, at a certain temperature (e.g. 503 K), CO conversion 
increased with increasing GHSV from zero to ∼3000 ml (STP) h-1 (g-
catal.)-1, and reached a maximum at GHSV close to 3000 ml (STP) h-1 

(g-catal.)-1. It then started to decrease with further increasing GHSV. 
It was believed that, as the GHSV approached 3000 ml (STP) h-1 (g-
catal.)-1, the reaction of methanol formation was in the kinetics-
controlled region. In the present work, all reactivity tests of methanol 
synthesis were performed under the reaction condition of 
GHSV=3000 ml (STP) h-1 (g-catal.)-1.   

It is well known that CO2 in the feedgas is a participant 
component indispensable for continuous fast conversion of the syngas 
to methanol. Whereas the net-conversion of CO2 indicated by GC 
analysis of the inlet and exit gases of the reactor was quite low, all 
assay results of the catalyst activity in the present work are shown 
with CO conversion and methanol STY. The reactivity of methanol 
synthesis over a series of wt%CuiZnjAlk-OX/CNTs catalysts has been 
evaluated, and the results are shown in Table 1.  

 
Table 1 Reactivity of CH3OH Synthesis From H2/CO/CO2 Over A 

Series of Catalysts of wt%CuiZnjAlk-OX/CNTs * 
STY at 
initiating 
temperature 

STY at the 
optimum 
working temp. Catalyst sample 

T/K STY 

 

T/K STY 
40%Cu5Zn5-OX/CNTs 473 55.1  523 182 
40%Cu6Zn3-OX/CNTs 463 69.3  513 189 
40%Cu4.5Zn4.5Al1-OX/CNTs 473 63.4  523 220 
40%Cu5Zn5Al0.5-OX/CNTs 463 49.8  523 232 
40%Cu6Zn3Al1-OX/CNTs 463 79.4  508 240 
42%Cu6Zn3Al1-OX/CNTs 473 73.0  523 238 
38%Cu6Zn3Al1-OX/CNTs 463 101  508 261 
32%Cu6Zn3Al1-OX/CNTs 463 110.  508 287 
24t%Cu6Zn3Al1-OX/CNTs 463 78.4  508 239 
32%Cu6Zn3Al1-OX/CNTs** 463 100  513 307 

*Reaction conditions: 2.0MPa, H2/CO/CO2/N2=60/30/5/5(v/v), 
GHSV=3000ml(STP) h-1 (g-catal.)-1; and STY at mg-CH3OH h-1 (g-
catal.)-1. **Prepared from ethanol solution of the precursor. 
 

It appears from the results shown in Table 1 that the optimum 
formula of catalyst composition is 32wt%Cu6Zn3Al1-OX/CNTs, i.e., 
with Cu/Zn/Al molar ratio at 6/3/1 and the corresponding loading 
amount of the Cu6Zn3Al1 at 32wt%. On this catalyst, the STY of 
methanol reached 287 mg h-1 (g-catal.)-1, which is considerably 
superior to catalysts of other formulae, under the reaction conditions 
shown in Table 1. 

Fig. 1 shows the results of activity evaluation of methanol 
synthesis over the catalysts of Cu-ZnO-Al2O3 supported by CNTs, AC, 
and γ-Al2O3, respectively. On all three catalysts, CO conversion and 
methanol STY both first went up with increasing temperature, reached 
a maximum at their respective optimum operating temperature, and 
then went down as temperature further increased. This could be 
understood considering that at the lower temperatures before the 
maximum, the methanol synthesis reaction was controlled by kinetics, 
and after the maximum, the reaction turned to be limited by 
thermodynamics equilibrium due to the high reaction temperature.  

It is experimentally found that the support can significantly affect 
the activity of methanol synthesis. Over the 32wt%Cu6Zn3Al1-
OX/CNTs catalyst, the methanol synthesis exhibited considerable 
reactivity at operating temperature as low as 463 K, and reached the 
highest STY, 287 mg-CH3OH h-1 (g-catal.)-1, at 508 K, which was 1.9 
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and 2.5 times of those over the catalysts supported by AC and γ-
Al2O3 (i.e., 150 and 114 mg h-1 (g-catal.)-1 obtained at the respective 
optimum operating temperatures, 523 and 543 K). 

 

 
Fig.1 Activity of CH3OH synthesis on: a) 32%Cu6Zn3Al1-OX/CNTs; b) 
32%Cu6Zn3Al1-OX/AC; c) 32%Cu6Zn3Al1-OX/γ-Al2O3. 
 

It is conceivable that the dispersion of Cu-Zn-Al components on 
the hydrophobic surface of CNTs constructed by sp2-C could be 
improved by using proper organic solvent (e.g., ethanol), instead of 
water, for the preparation of the catalyst precursor solution, which 
would be conducive to enhancing the catalyst activity. That turned out 
to be the case. On the 32wt%Cu6Zn3Al1-OX/CNTs catalyst prepared 
from the corresponding ethanol solution, the highest CO conversion 
and methanol STY attained were 23.1% and 307 mg h-1 (g-catal.)-1, 
∼7% higher as compared to that prepared from the corresponding 
aqueous solution. 

Fig. 2 shows the H2-TPR spectra of the oxidation precursors of 
the three catalysts. For the 32wt%Cu6Zn3Al1-OX/CNTs, the H2 started 
to react from ~463 K, with the main H2-TPR peak centred round 530 
K. The two samples supported by AC and γ-Al2O3 were not reduced 
by H2 until ∼500 K, and each reached the reduction-peak round 578 K, 
which was ∼48 degrees (K) higher than that of the CNTs-supported 
system. The observed reducibility sequence of the three samples was 
as follows: Cu6Zn3Al1OX/CNTs >> Cu6Zn3Al1OX/AC ≅ 
Cu6Zn3Al1OX/γ-Al2O3, in line with the sequence of their catalytic 
activity for the methanol synthesis. 

 
Fig. 2 H2-TPR spectra on the catalyst precursor: a) 32%Cu6Zn3Al1-
OX/CNTs; b) 32%Cu6Zn3Al1-OX/AC; c) 32%Cu6Zn3Al1-OX/γ-Al2O3. 
 

It is quite evident that the much better performance of the CNTs-
supported catalyst for methanol synthesis from H2/CO/CO2 is closely 
related to the peculiar structure and properties of the CNTs carrier. 
Fig. 3 shows TEM image of the CNTs grown catalytically from CH4 
decomposition. The results of XRD measurements revealed that their 
main XRD feature at 2θ= 26.1° was close to that of graphite at 2θ= 
26.5°, but somewhat broadened, implying that the degree of long-
range order of these nanostructures was relatively low compared to 
that of graphite. HRTEM observation revealed that they were 
constructed by superimposure of many layers of carbon with conical 
graphite-like platelets along a common central hollow. 

 

 
 

Fig. 3. TEM image of the CNTs grown catalytically from CH4 
decomposition. 
 

From the viewpoint of chemical catalysis, in addition to its high 
mechanical strength, nanoscale channel, sp2-C constructed surface, 
and graphite-like tube-wall, the excellent performance of the CNTs in 
hydrogen-adsorption/storage and electron transportability is also very 
attractive. Fig. 4 displays H2-TPD spectrum of hydrogen adsorption 
on the CNTs. The main TPD peaks appeared at 400 K and 990 K. 
The lower-temperature peak was contributed from H2-desorption, 
while the higher-temperature peak involved desorption of CH4, C2H4, 
C2H2, and H2. Conceivably, there would exist a considerable amount 
of hydrogen-adspecies on the CNTs carrier under the condition of 
methanol-synthesis used in the present study. This would lead to 
higher stationary-state concentration of hydrogen-adspecies on the 
surface of the functioning catalyst, and would in turn favor a series of 
surface hydrogenation reactions in the process of CO/CO2 
hydrogenation to methanol. On the other hand, the operation 
temperature of the Cu6Zn3Al1-OX/CNTs catalyst for methanol 
synthesis can be 20~30 K lower than those of the 32wt%Cu6Zn3Al1-
OX/γ-Al2O3 (or /AC). That would contribute considerably to an 
increase in equilibrium conversion of CO and space-time-yield of 
CH3OH. The results of the present study indicated that the CNTs 
served not only as carrier, but also as an excellent promoter, and that 
its peculiarity of adsorbing H2 may play an important role in 
promoting the methanol synthesis activity more effectively. 

 
Fig. 4. TPD spectrum of hydrogen adsorbed on the CNTs material. 

 
Acknowledgment 

This work was supported by National Nat. Sci. Foundation 
(Project No. 50072021) and Fujian Provincial Nat. Sci. Foundation 
(Project No. 2001H017) of China. 
 
References 
[1] MacDougall, L. V., Catal. Today, 1991, 8, 337. 
[2] De Jong, K. P.; Geus, J. W., Catal. Rev.-Sci. Eng. 2000, 42, 481. 
[3] Zhang, Y.; Zhang, H.-B.; Lin, G.-D.; Chen, P.; Yuan, Y.-Z.; Tsai, K.R., 

Appl. Catal. A: General, 1999, 187, 213.  
[4] Chen, P.; Zhang, H.-B.; Lin, G.-D.; Hong, Q.; Tsai, K. R., Carbon, 1997, 

35 (10-11), 1495. 



Fuel Chemistry Division Preprints 2002, 47(1), 286

Effect of H2S on the Reaction of CH4 with CO2 over 
Titania Supported Noble Metal Catalysts 

 
$QGUiV�(UG KHO\L��7DPiV�6]DLOHU�DQG�eYD�1RYiN 

 
Institute of Solid Sate and Radiochemistry, University of Szeged, P.O. 

Box 168, H-6701 Szeged, Hungary 
 
Introduction 

Great efforts are made in the last decade in the catalytic 
transformation of methane and carbon dioxide, the cheapest carbon 
containing materials, into more valuable compounds. One of the 
possibilities to achieve this goal is to react CH4 with CO2 to produce 
synthesis gas. All of the Group VIII metals on a variety of supports 
have been studied as a dry reforming catalyst [1]. The high efficiency 
of supported noble metals in this reaction was confirmed by our 
studies [2-4]. Relatively little attention was paid to the effect of 
sulphur on the CO2 + CH4 reaction although natural gases always 
contain more or less amount of sulphur compounds. 

The present report gives an account of the effect of H2S on 
the CO2 + CH4 reaction in the presence of different titania supported 
noble metal catalysts. This reaction can be described as the sum of 
different reactions, for example the steam reforming and the reverse 
water gas shift reactions. For comparison the CO2 hydrogenation was 
also studied in the presence of H2S. Great attention was paid to the 
formation of surface species during the reaction and to the effect of 
H2S on it. 

Experimental 

Materials. The catalysts were prepared by impregnating the 
TiO2 support (Degussa P25) with the solution of Pt metal salts to 
yield a nominal 1 % metal loading. The following salts were used: 
H2PtCl6*6H2O, PdCl2, RhCl3*3H2O and RuCl3*3H2O. The 
impregnated powders were dried at 383 K. Before any measurements 
the fragments of catalyst pellets were oxidized at 473 K for 30 min 
and reduced at 673 K in the catalytic reactor for 1 hour. 

Methods. The adsorption and interaction of the reacting gas 
mixtures were studied by FTIR spectroscopy.  

The catalytic reactions were carried out in a fixed bed 
continuous-flow reactor (100mm x 27 mm o.d.). The ratio of 
CH4/CO2 in the reacting gas mixture was 1:1 and that of CO2/H2 was 
1:4. The inlet gas mixture contained 20 % of Ar or He as diluents and 
22 ppm or 116 ppm of H2S when the effect of H2S was studied. The 
amount of catalysts used was usually 0.3 - 0.5 g. The flow rate of the 
reactants was 80 ml/min. Analyses of the gases were performed with 
gas chromatograph (Chrompack 9001) using Porapak QS column. 
The products were detected simultaneously by TCD and FID 
detectors. The amount and the reactivity of surface carbon formed in 
the catalytic reactions were determined by temperature-programmed 
reduction. After the catalytic run the reactor was flushed with Ar, the 
sample was cooled to room temperature, then the Ar flow was 
changed to H2 and the sample was heated up to 1173 K with a 10 
K/min heating rate and the hydrocarbons were determined. 

Temperature programmed desorption experiments were 
carried out in a quartz reactor (8 mm o.d.) filled with 0.3 g of samples. 
The products were analysed by an online mass spectrometer (Balzers 
QMS 200). 

The dispersions of the supported metals were determined by 
H2-O2 titration at 298 K using the pulse technique. 

 
Results and Discussion 

Infrared spectroscopy measurements revealed that CO is 
formed in the interaction of CH4 + CO2 and of CO2 + H2 far below the 

reaction temperature. The CO spectra obtained in the interactions 
were compared with those of clean CO, adsorbed on the same catalyst 
after the same pre-treatment. In the presence of H2S after the 
adsorption of CO nearly the same features were registered, only the 
intensity of the absorption bands decreased. Zhang et al. also found 
that the presence of S does not significantly influence the geometrical 
structure and chemisorption energy of CO adsorbed on Rh(111) 
surface [5]. In the interaction or in the reaction of CH4 + CO2 or CO2 
+ H2 the CO band appeared at significantly higher temperature on the 
spectra than in the absence of H2S, although in the case of Rh/TiO2 
the gas phase spectra of CH4, which was the main product in the H2 + 
CO2 reaction, were detectable with the same intensities. 

The reaction between CO2 and CH4 proceeded rapidly 
above 673 K on TiO2 supported noble metals to give CO and H2 with 
different ratios. The reaction occurred at the highest rate (rates per 
unit surface area of metals) in the first minutes of the reaction on Ru 
followed by Pd, Rh and Pt. This is practically the same as the 
sequences for CH4 + CO2 reaction on alumina supported noble metals 
[2]. The conversion of CO2 exceeded that of CH4 for every catalyst 
sample.  The CO/H2 ratio was between 2 and 3 in the first minutes of 
the reaction (Table 1). In the presence of H2S the initial rate of H2 or 
CO formation and the conversion of the reactants decreased in time in 
all cases (Fig. 1 and Table1). The deactivation rate was the highest on 
supported Rh catalyst, and the lowest on Ru/TiO2.  

Figure 1. The conversion of methane in the CH4 + CO2 
reaction on different TiO2 supported catalysts at 773K in the presence 
of 22 ppm H2S 

 
The initial conversion of methane at 773 K was 12 % on 

Rh/TiO2 but after 3 hours of the reaction it was only 2.1 %. On 
Ru/TiO2 this value changed only from 8.8 % to 7.7 %. While the rate 
of products formation decreased, the CO/H2 ratio surprisingly 
increased continuously in all cases (Fig. 2).  

The enhancement of the CO/H2 ratio at the beginning of the 
reaction was relatively low, but after a time lag it increased 
considerably. The length of this time depends on the metal; it was 
about 50 minutes on Rh/TiO2 and more than 100 minutes on titania 
supported Pt catalyst. In the presence of Rh/TiO2 after 180 minutes of 
the reaction the CO/H2 ratio was more than 8 (Table 1). The most 
stable catalyst was Ru/TiO2 on this sample the CO/H2 was only 2.7 
after 400 minutes.  

When the H2S concentration was increased in the reacting 
gas mixture (116 ppm) the conversion of CH4 or CO2 decreased more 
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rapidly. After 180 minutes the CH4 conversion was less than the initial 
value by more than one order of magnitude in all cases. The CO/H2 
ratio increased as was observed earlier. 

 

 Figure 2. Changes of the CO/H2 ratio in the CH4 + CO2 reaction on 
different TiO2 supported catalysts at 773K in the presence 22 ppm of 
H2S 

 
The amount of surface carbon was determined after the 

catalytic reaction. In the case of Rh/TiO2 in the presence of H2S the 
amount of surface carbon was lower than the absence of it. The 
reactivity of this carbonaceous deposit did not change significantly. 
These results agree well with the observation found in the Sparg 
process [6] when the supported Ni catalyst was pre-sulphided to 
decrease the surface carbon formation. 

In the absence of H2S on TiO2 supported samples the CH4, 
CO2 conversion and the CO/H2 ratio did not change significantly 
during the reaction. On silica-supported samples in the presence of 
H2S although the conversion decreased as mentioned above, the 
CO/H2 ratio remained nearly the same.  
Table 1. Some Characteristic Data for CH4 + CO2 Reaction on 
Titania Supported Noble Metal Catalysts at 773 K in the 
Presence of 22 ppm H2S.  

 
 D% Conversion CO/H2 

Samples  CH4 CO2   

  15  360 15 360 15 360 
  Minutes 
1%Ru/TiO2 9.4 8.8 5.5 14.9 10.8 2.32 2.65 

1%Rh/TiO2 41 12.0 2.1* 17.9 4.9* 3.0 8.2* 

1%Pd/TiO2 16 12.9 1.2 20.8 2.2 2.1 6.3 

1%Pt/TiO2 38 5.5 1.7 10.4 4.2 2.7 5.0 

* Data were obtained in the 180 minutes of the reaction 

We found that CO2 conversion was higher than that of 
methane in all cases and that the CO/H2 ratio increased in time in the 
presence of H2S. These observations indicated that the reaction 

CH4 + CO2 = 2 CO + 2 H2 
was followed by several secondary processes, including the 
hydrogenation of CO and CO2, the water gas shift reaction and the 
Boudouard reaction. 

CO2 hydrogenation was studied in the presence of 22 ppm 
H2S at 548 K. The main product of the reaction was methane on Ru 
and Rh catalysts; its selectivity was near 100 %. On Pt and Pd samples 
mainly CO was formed. The methane selectivity was about 20% at the 
beginning of the reaction. These results agree well with our earlier 
results [7-9] obtained on different supported noble metal catalysts. In 
spite of the 22 ppm H2S concentration of the reacting gas mixture the 
rate of product formation or the CO2 conversion changed only slightly 
in all cases. The highest decrease was in the case of Pd catalyst when 
the initial conversion decreased from 10.0 % to 6.54 % during 6 hour 
of the reaction. It has to be mentioned that during the same time in the 
CO2 + CH4 reaction the CO2 conversion decreased from 20.8 to 2.9%. 
When the reaction was studied at 773 K at the same temperature, 
where the CO2 + CH4 reaction was followed the same results were 
obtained. In this case the contact time was lower, so the conversion 
was in the same range. 
 These observations suggest that H2S poisons the CO2 + 
CH4 reaction, while the CO2 + H2 reaction was only effected slightly 
by the same amount of H2S. This finding results the changes of the 
CO/H2 ratio. The rate of hydrogen formation in the CO2 + CH4 
reaction decreased while the consumption rate of it in a secondary 
reaction remained the same. In some cases CO is also formed in this 
process so the CO/H2 ratio has to increase during the CO2 + CH4 
reaction. 
 On SiO2 supported samples in the CO2 + CH4 reaction the 
CO/H2 ratio does not change significantly, so the effect observed on 
TiO2 supported metals depends on the support. 

The interaction of H2S with the titania supported metals was 
studied by temperature programmed desorption method. The 
adsorption was performed on the reduced samples by exposure to Ar 
flow containing 110 ppm of H2S for 30 min at 373 K. Afterwards the 
reactor was flushed with Ar for 10 min, cooled down to room 
temperature and the sample was heated at a rate of 20 K/min up to 
1073 K. The products were analysed by an online mass spectrometer. 
After H2S adsorption on titania supported noble metals only SO2 
desorption was detected in two stages nearly at the same temperatures. 
H2S evolution was not observed. Fig. 3 shows the TPD curve in the 
case of Pd/TiO2 sample.  

 

Figure 3. Temperature programmed desorption spectra of 
adsorbed H2S at 373 K  
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A small peak was detected above 580 K (TMax=631 K), but at 
higher temperature, above 920 K, great amount of SO2 desorption 
was observed (Tmax= 988 K). For comparison the TPD of adsorbed 
H2S on clean TiO2 is also presented on Fig. 3. In this case, too, only 
SO2 was desorbed, but in one stage in the temperature range 630 – 
910 K (TMax= 840 K). Beck and White [10] and Chen et al. [11] 
found nearly the same picture on clean TiO2.  

These results clearly show that the most part of the adsorbed 
H2S desorbed from the TiO2 and from the TiO2 supported noble 
metals as SO2. From these results we may suppose that sulphur was 
built into the oxygen vacancies of the TiO2 [11] and created new 
catalytic centres on the metal-support interface. These sites have 
different catalytic activities in the secondary reactions of the dry 
reforming of methane and this is the reason why the CO/H2 ratio 
increased in the reaction in the presence of H2S. 
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Introduction: The formation of five-cyclic carbonate (such as 
propylene carbonate) via cycloaddition between CO2 and epoxides 
is not only one of the routes for CO2 chemical fixation [1], but also 
the cycloaddition of propylene oxide (PO) with CO2 is the first step 
for synthesis of dimethyl carbonate (DMC) via transerterification[2]. 
Furthermore, propylene carbonate (PC) itself was a nontoxic and 
versatile intermediates in environmentally begin organic synthesis. 
Hence, the green synthesis route of propylene carbonate has being 
expected in the half century. 
    Nemirovsky firstly reported the synthesis of alkyl carbonate 
by phosgenation method in a century ago[3], but the method has 
gradually given up for using toxic and hazardous phosgene. After 
1960s many methods have been published by patents, particularly, 
much attention has been paid attention to the cycloaddition 
between PO and CO2, and the main catalytic systems included 
organometallic halides-Lewis base[4], organotin 
halde-tetraalkyphosphonium halide [5], alkali metal halide-crown 
ether[6] or polyethylene glycol-400[7]. But the catalytic performance 
and the severely reaction conditions limited their further utilization. 
In addition, a variety of solvents or promoters must be used, 
resulting in high separating cost or low purity of PC. Moreover, the 
reaction was carried out in a intermission autoclave, and leading to 
low production capacity. Thus, a new heterogeneous catalysts with 
high catalytic performance at moderate conditions (i.e. KI 
supported on different supports was firstly studied. In order to 
further improve the lifetime of the catalysts and productivity 
capability and avoid the hot spot of the catalysts, a new continual 
structural reactor was investigated. Combing the new 
heterogeneous catalysts and the new continual structural reactor, a 
new method for cycloaddition between PO and CO2 in the 
heterogeneous process was developed in the present work. 
Experimental: The purity of CO2 was higher than 99.5%. 
Commercially available PO was used without further purification. 
Catalysts were prepared by impregnating the supports with an 
aqueous solution of KI, and then dried at 60℃ for 10 h. 
  The catalysts were firstly evaluated in conventional intermission 
autoclave. For the cycloaddition between CO2 and PO was intense 
exothermal reaction (≈30kcal/mol), this led to the difficult 
operation in heterogeneous catalytic process and the higher local 
temperature and the limitation of the lifetime of catalyst. Thus, a 
new structural reactor was designed. In this reactor the lifetime of 
the catalysts were further studied. 
Results and discussion: In the heterogeneous process, KI 
supported on different supports was investigated (see Table 1). 
Firstly, the reaction conditions ( reaction temperature,120℃ , 
pressure, 4.0MPa) were very moderate, particularly, the pressure 
was lower than the saturate pressure of carbon dioxide at room 
temperature. Secondly, both PO conversion and PC selectivity 
were nearly 100% although neither solvents nor promoters in this 
catalytic synthsis were used. Thus, the product must not be 

separated and simplified the production of PC. In addition, the 
space hour yield of PC was much higher than the conventional 
heterogeneous process (< 5g/(g(cat.) hr)), in particular, for KI 
supported activated carbon the space hour yield could reach to 
12.0. 
 
 
 
 
 
 
 
 
 
 

Table.1 Effect of several supports on catalytic activity of cycloaddition 

Catalysts PO 
Conv(%) PC yield(%) Space hour yield 

(kg/(kg(cat.) hr 
KI/γ-Al2O3

 a 100.0 99.0 7.0 
KI/acativated 

carbona 100.0 99.3 12.0 

KI/SiO2
a 100.0 99.0 7.4 

a-temperature, 120℃, pressure, 4.0MPa 

   In 1L conventional intermission autoclave, both the conversion 
of PO and the selectivity of PC were shown in Fig. 1 in 100 hours. 
The catalytic performance sharply decreased in 100 hours. The 
BET surface area of fresh catalyst and after reaction catalyst was 
showed in table 2. Obviously, the fouling of the catalyst pore was 
very severe in reaction process in the conventional intermission 
autoclave. In addition, we also found that the product color was 
wine. This indicated that KI in the catalysts was partly oxidized in 
reaction process because reaction heat could not removed and 
existed local hot spot. 
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Fig. 1  Both the conversion of PO and the selectivity of PC in 1 L
conventional intermission(autoclave in 100 hours) 

Table 2 The characters of the fresh catalyst and after the reaction 

catalyst BET surface  m2/g pore sizea, A pore vol., cc/g 

fresh catalyst 394.3 22.2 0.22 

after reaction 40.7 56.8 0.06 
a-average pore diameter 
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    In order to further improve the lifetime of the catalysts and 
productivity capability and avoid the hot spot of the catalysts, a 
new continual structural reactor was designed[8]. The advantages of 
the continual structural reactor included: (1) In this reactor the PC 
could be immediately removed from the surface of the catalysts as 
soon as it was produced, and avoided the deposition of the catalyst 
pore; (2) The catalysts were particularly loaded in this reactor and 
the reaction heat could be efficiently removed. Thus, the lifetime of 
catalyst could be improved; (3) The reaction was continual in this 
reactor, and improved its production capacity. Figure 2 
demonstrated that in the new continual structural reactor both the 
PO conversion and PC selectivity hardly decreased in 400h. And 
the product was not color. 
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Conclusion: For the new heterogeneous catalysts, both PO 
conversion and PC selectivity, especially, KI/A.C. catalyst, were 
nearly 100% at moderate conditions; the STY of PC was also very 
high. In the 1L intermission autoclave the fouling of the catalyst 
pore led to the deactivation of the catalysts, and the reaction heat 
could not be removed. Both the PO conversion and PC selectivity 
hardly decreased in 400h in the new continual structural reactor. In 
general, the new method provided an economically advantageous 
process for the production of propylene carbonate under milder 
reaction temperature and pressure condition in high yield. 
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Introduction 

Catalytic combustion of hydrocarbons, especially methane, has 
been widely investigated as an alternative technology for power 
generation (1). This process is also environmentally attractive as it 
produces less carbon dioxide, a greenhouse gas, per unit of power 
generated when compared to the combustion of other hydrocarbons. 
Furthermore, low amounts of NOx emissions are formed as the 
combustion proceeds bellow 1400 ºC (2). However, as far as the use 
of gas turbines is involved in the process, temperatures as high as 
1200 ºC can still be achieved and, therefore, the use of thermostable 
catalysts is compulsory. 

Ceramic oxides obtained by a high temperature process arises as 
feasible materials to be used as catalysts supports. Indeed, the 
preparation of simple ceramic oxides via a route known as combustion 
synthesis has been gaining reputation as a straightforward process to 
produce homogeneous, very fine and crystalline powders (3,4). The 
synthesis explores an exothermic, generally very fast and self-
sustaining chemical reaction between the desired metal salts and a 
suitable organic fuel, which is ignited at a temperature much lower 
than the actual phase formation one. The major drawback of such a 
route is that it leads to low surface area materials. 

This work focuses on the preparation of Pd-based catalysts used 
on the methane combustion whose supports were obtained by 
combustion synthesis. Alumina was taken as the reference support and 
the effects brought about by the addition of different lanthanides, 
namely La and Ce, in the support texture and the catalytic activity are 
reported. 
 
Experimental 

In the combustion synthesis the appropriate amounts of the 
cations precursors (nitrates) and an organic fuel (urea) dissolved in 
water were heated in a wide-mouth vitreous silica basin up to boiling 
and self-ignition. The basin was then transferred to a muffle furnace 
preheated at 600 ºC and kept for 30 min producing a fragile foam that 
easily crumbles into powder. The reactant proportions were calculated 
in order to obtain oxides with 4 and 12%wt. La or Ce. Different 
cerium precursors were used in order to evaluate the cerium oxidation 
influence, namely Ce(NO3)3 and (NH4)2Ce(NO3)6. These samples are 
denoted according to their chemical composition, lanthanide loading 
and cerium oxidation number, e.g Al12Ce3 (alumina-ceria mixed 
oxide containing 12 %wt. Ce prepared from cerium nitrate III). Pure 
Al2O3, La2O3 and CeO2 were also synthesized to be taken as 
reference. 

The catalysts were prepared by contacting the supports and an 
aqueous solution of Pd(NO3)2 in a rotary evaporator for 8 h. The 
solvent was then slowly evaporated under vacuum at 80 ºC; the 
powder obtained was dried overnight at 110 ºC and lastly calcined at 
500 ºC for 4 h in air. These samples will be referred in the same way 
as their parent supports preceded by Pd, e.g. PdAl12Ce3. 

X-ray diffraction (XRD) analyses were also carried out just after 
the powders synthesis in order to identify the oxides phases. The 

diffractograms were collected in a Rigaku Denki, CuKα/Ni, 2º/min 
from 15 to 75º/2θ. Specific surface area was determined by the BET 
method using nitrogen adsorption in a Micromeritics ASAP 2000 
equipment. 

UV-Vis diffuse reflectance (DRS) spectra in the range of 200 – 
800 nm were recorded in a Varian Cary 5 spectrometer using a 
Harrick diffuse reflectance accessory. Spectra of the catalysts were 
obtained using pure alumina as a reference. In order to support the 
species identification, spectra of CeO2, La2O3 and LaAlO3 samples 
prepared by combustion synthesis were also recorded. Such spectra 
were collected from a 2% mixture in alumina to overcome specular 
reflectance. 

Catalytic tests were performed at atmospheric pressure in a 
conventional system with fixed bed reactor, monitored by on-line 
chromatography. A gas mixture containing 2.5% methane and 10% 
oxygen (N2 to balance) was fed at 100 ml/min on the catalyst bed 
(100 mg). Prior to reaction, the catalysts were reduced in situ at 
300 ºC for 2 h. The activity data were collected just after the catalysts 
have achieved the steady-state at 500 ºC  
 
Results and Discussion 

The synthesized supports were first characterized by XRD. The 
lanthanides-containing supports diffractograms presented the same 
pattern as in α-Al2O3 although their peaks were less intense. On the 
lanthanum-based support (Al12La) the disturbance detected by XRD 
was even more pronounced as no α-Al2O3 could be detected. No 
phase related to Ce or La compounds were identified. 

The UV-Vis spectra of La-containing samples presented two 
peaks at 210 and 300 nm. These absorbance bands are placed between 
those related to La2O3 and LaAlO3 not allowing a faithful distinction 
between such compounds. The existence of both species, therefore, 
can not be ruled out. 

The spectra of Ce-based supports were identical irrespective the 
loading or precursor used. The spectra exhibited basically two peaks 
centered at 240 and 300 nm, which can be associated with CeO2. The 
absorbance at higher wavenumber is commonly attributed to three 
dimensional array of cerium and oxygen atoms while the peak at 
240 nm is related to the presence of small crystallites (5). Therefore, it 
can be concluded that the cerium oxide crystallites on the prepared 
supports are rather small, which is consistent with the XRD results 
that were not able to detect the CeO2 phase. 

Table 1 collects the BET surface area data of both supports and 
catalysts as well as the crystallite average size calculated with the 
Scherrer equation (2θ = 43.4º). As previously referred, low surface 
area powder are typically obtained through combustion synthesis 
method. The values determined by alumina is quite consistent with 
those reported in the literature (3,4). It can be easily seen that textural 
changes were induced by adding low contents of lanthanides in the 
formulation as a dramatic surface area increase was detected. Such 
disturbance appears to be more significant when (NH4)2Ce(NO3)6 is 
used as cerium precursor. The results might suggest that the presence 
of small CeO2 crystallites disturbs the crystallization process leading 
to a decrease in the alumina crystallite size and consequently 
improving the surface area. On the other hand, high Ce loading does 
not interfere the samples textural features, which might be related to 
the formation of CeO2 agglomerates allowing phase segregation. As 
for La-based sample, a completely different behavior was observed; 
even at high loading the surface area was improved. As no alumina 
reflections were recorded by XRD it is reasonable to assume the 
formation of a mixed compound, LaAlO3. Indeed, the formation of 
such aluminate has been reported in the literature under similar 
conditions (6). 
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Table 1.  Surface Area and α-Al2O3 Crystallite Size 
 SBET (m2/g)  

Sample Supports Catalysts d (nm) 
Al 3 3 36 

Al4La 23 22 25 
Al4Ce3 14 12 28 
Al4Ce4 28 24 27 
Al12La 20 18 - 

Al12Ce3 5 5 37 
Al12Ce4 7 6 42 

 
 

Catalytic activity data for methane combustion are collected in 
Table 2. It was characterized by the temperatures at which methane 
conversion achieved 5 and 10% and is given as T5 and T10 
respectively. It should be stressed that carbon dioxide and water were 
the only reaction products detected. 

It can be seen that the catalytic activity markedly depend on the 
nature of the support. Pd/Al2O3 catalyst presents low activity which 
could be related to the specific features of such system, especially the 
rather low surface area, as mentioned above. Alongside the 
enhancement in the support texture, the addition of lanthanides 
appears to improve the catalyst performance especially when low 
contents is used. Ce revealed to be a better promoter than La 
irrespective its content. These results are in close agreement with the 
literature regarding the promoting effects of CeO2 in noble metal-
based combustion catalysts (7). 

The catalytic activity of the La-based systems are dependent on 
the lanthanide concentration, being favored at low La loading. As a 
matter of fact, the difference in the temperature to reach methane 
conversion of 5% is quite significant, practically 30 ºC. 

Similar DRS spectra obtained for both samples suggested the 
presence of the same La species, which would be naturally associated 
with LaAlO3 based on the XRD results. Nevertheless, the catalytic 
performance do not support such assignment. The activity data 
evidences a different La species distribution. At low concentration 
(PdAl4La) the promoting effect on the methane combustion may arise 
from the La-doped alumina support. On the other hand, the poor 
performance registered over PdAl12La might be ascribed to the 
nature of the support, that is, the intrinsic activity of the LaAlO3-
supported catalyst. 
 
 

Table 2. Methane Combustion over Pd Catalysts Prepared by 
Combustion Synthesis Method  

Catalytic Activity Catalyst 
T5 (ºC) T10 (ºC) 

PdAl 483 - 
PdAl4La 441 473 

PdAl4Ce3 415 447 
PdAl4Ce4 429 460 
PdAl12La 470 - 

PdAl12Ce3 441 473 
PdAl12Ce4 440 472 

 
 

The different performance observed amongst the catalysts with 
low and high Ce content could be explained by the different 
distribution of CeO2 crystallites on the alumina support as previously 
suggested. High concentration seems to lead to a CeO2 and Al2O3 
phase segregation which would allow the existence of different sites, 
namely Pd/Al2O3 and Pd/CeO2. It is reasonable, thus, that the catalytic 

activity diminishes due to the intrinsic behavior of Al2O3-supported 
catalyst. As the segregation occurs as a consequence of lanthanide 
loading, it may be expected that whatever the cerium precursor used, 
the prepared catalyst will present the same behavior. The results 
obtained over PdAl12Ce3 and PdAl12Ce4 indeed follow such a trend. 

As for PdAl4Ce samples, a model of small CeO2 crystallites 
uniformly spread on alumina could be accepted. Such a model is in 
line with the support textural modifications previously observed 
(Table 1). Nevertheless, differently from what is seen over PdAl12Ce3 
sample, the catalytic performance is fairly distinct between samples 
with low Ce concentration prepared from different salt precursors 
(PdAl4Ce3 and PdAl4Ce4). Indeed it has been reported that the 
formation of CeO2 aggregate crystallites on alumina surface is 
connected with the salt precursor (8). CeO2 obtained from cerium 
(IV) ammonium nitrate allows the formation of small aggregate 
crystallites at concentrations as low as 1.7 %wt. Hence, taking into 
account the difference in CeO2 dispersion, its promoting effects is 
softened on PdAl4Ce4 catalyst. 

 
Conclusions 

The texture of oxides prepared by combustion synthesis can be 
effectively enhanced by adding low contents of lanthanides, especially 
Ce. La does not seem to be a very suitable additive as it reacts with 
alumina forming LaAlO3. 

Low loading of cerium oxide well dispersed on alumina revealed 
to be the most effective promoter for the methane combustion. 
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1. Introduction 

Catalytic hydrogenation of CO2 has been recently attracting 
considerable attention as one of the chemical fixation and recycling 
technologies for emitted CO2. DME is a useful building block for 
making important chemicals, including dimethyl sulfate and high-
valued oxygenated compounds. DME can easily be obtained through 
dehydration of methanol over solid acids[1], while methanol is 
commercially manufactured from syngas by using Cu-based catalysts.  
In this regard many investigations have been made on the combination 
of the methanol synthesis and methanol conversion process in a single 
step by using hybrid catalysts to obtain hydrocarbons or oxygenates 
directly either from syn-gas or from CO2[2-5]. However, methanol 
synthesis from CO2 hydrogenation has a severe limitation of 
thermodynamic equilibrium compared with that from CO 
hydrogenation. To overcome such a limitation, in situ transformation 
of methanol to dimethyl ether(DME) is a reasonable way to improve 
the total oxygenates yield (methanol + DME). However, very few 
studies were made on the direct synthesis of DME from CO2 
hydrogenation, while Dubois et al.[2] demonstrated that combination 
of Cu-based catalyst with a solid acid, which enhanced the DME 
formation, really provided a strong driving force for CO2 conversion 
In the present work, hybrid catalysts made of Cu-based methanol 
synthesis catalyst and a zeolite were used for the direct formation of 
oxygenates(methanol + DME) from CO2 hydrogenation, and the 
catalytic behaviors were investigated in terms of their reducibility and 
oxygen coverage. 

 
2. Experimental 

Catalyst preparation Cu/ZnO based catalysts were prepared by 
co-precipitation. ZSM-5 was obtained through a three day 
hydrothermal synthesis at 170oC in a Teflon-lined 450ml Parr bomb by 
following the procedures in a US patent [3]. H-Ga-Silicate were 
synthesized according to the procedure similar to that of HZSM-5 
except that Al source was substituted with Ga nitrate. SAPO-34 was 
hydrothermally prepared from reactive gels containing a silicon source 
(Ludox HS-30), an aluminum source (pseudoboehmite), phosphoric 
acid, morpholine and water [4]. Hybrid catalysts were prepared by 
physically mixing equal weight of a copper based catalyst and a zeolite.  

Catalyst characterization The exposed copper surface area was 
measured by titration with nitrous oxide. The copper surface area 
(Cureact) of used catalyst after 1hr of reaction was measured first, and 
the total copper surface area (Cutotal) was obtained from the same 
catalyst after complete reduction of copper. The oxygen coverage was 
calculated by the following equation [5] : •O = (Cutotal-Cureact)/(Cutotal 
x 2). 

Temperature programmed reduction (TPR) was performed to 
determine the reduction temperature peak of catalyst. And 
Temperature programmed desorption(TPD) measurements by using 
ammonia as an adsorbate were carried out to determine the acidic 
properties of zeolites.  

Catalytic activity for the synthesis of DME Carbon dioxide 
hydrogenation was performed in a continuous-flow fixed bed 
microreactor system made of a stainless-steel tube. In a typical 
experiment, 1.0g of hybrid catalyst was loaded in the reactor. It 
should be noted that the amount of Cu-based catalyst in the hybrid 
catalyst was 0.5g. After the catalyst bed was reduced with hydrogen 
at 280 oC, the reactor was pressurized to 28atm with helium, and CO2 
and H2 were introduced into the reactor. CO2 hydrogenation products 
were passed throughh a heated transfer line to a gas chromatograph 
with TCD and FID detectors.  

 
3. Results and Discussion 

In our previous work, it was found that Cu/ZnO/ZrO2 and 
Cu/ZnO/Ga2O3 showed higher methanol yields. It was previously 
reported [5, 6] that ZrO2 improved the dispersion of Cu, and that 
Ga2O3 increased the specific activity by optimizing the ratio of 
Cu1+/Cu0 on the surface of Cu particles. Since it is believed that Cu1+ 
species plays an important role in methanol synthesis [5], the 
optimization of the ratio Cu1+/Cu0 should be made for high yield of 
methanol. Table 1 shows the results of oxygenates synthesis from CO2 
hydrogenation over different hybrid catalysts. It can be seen that the 
catalysts including different zeolites had different catalytic activities. 
The activity of hybrid catalyst with NaZSM-5 was the lowest among 
hybrid catalysts due to its weakest acidity. To convert methanol into 
DME, moderate acidity rather than weak acidity is preferable. The 
hybrid catalyst from Cu/ZnO/ZrO2 and H-Ga-silicate showed the 
highest yield of oxygenates. Even if Cu/ZnO/Ga2O3 showed a good 
activity for methanol synthesis, its hybrid counterpart showed a lower 
activity for oxygenates and a higher selectivity for CO.   The 
temperature at which the maximum of TPR curve is located (defined 
as peak temperature) could be a measure of reducibility or the degree 
of interaction, and the peak temperatures are listed in Table 2. It can 
be seen that the peak temperature of the original methanol synthesis 
catalysts changed through hybridization with zeolite. Some 
interactions between methanol synthesis catalyst and zeolite might 
modify the properties of each component in the hybrid catalyst such as 
the reducibility of methanol synthesis catalyst and the acidity of zeolite. 
The peak temperatures of hybrid catalysts were found to be higher 
than that of the original methanol synthesis catalysts such as 
Cu/ZnO/ZrO2 or Cu/ZnO/Ga2O3. The increase in the peak 
temperature for the hybrid catalyst containing Cu/ZnO/ZrO2 was 
rather small (about 20oC), while that for the hybrid catalyst with 
Cu/ZnO/Ga2O3 was quite large (about 60oC). This difference in the 
peak temperature seems to be related with the ability of oxygenate 
synthesis. Saito et al. [5] suggested that oxygen coverage is a measure 
of Cu1+/Cu0 ratio and that the specific activity increased linearly with 
 
Table 1. Comparison of different types of hybrid catalysts for 
oxygenates synthesis  

 Selectivities (wt%) 

Catalyst 
Conv. 
(%) CO MeOH DME 

Yield of 
Oxygena

tes 
(wt%) 

A + NaZSM-5 15.4 50.6 19.5 29.9 7.6 
A + HZSM-5 17.2 42.4 22.7 34.9 9.9 
A + H-Ga-silicate 19.0 33.7 21.0 45.3 12.6 
A + SAPO-34 17.5 44.0 21.1 34.9 9.8 
B + NaZSM-5 18.2 73.0 10.5 16.5 4.9 
B + HZSM-5 19.1 68.6 12.0 19.4 6.0 
B + H-Ga-silicate 19.4 67.2 12.9 19.9 6.4 
B + SAPO-34 19.6 67.9 12.7 19.4 6.3 

Reaction conditions : 28 atm, 250oC, W/F = 20g-cat•hr/mol, H2/CO2 = 3 
A : Cu/ZnO/ZrO2(6:3:1), B : Cu/ZnO/Ga2O3(6:3:1) 
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Table 2. TPR peak temperatures and oxygen coverages 
 

Catalyst 
 

A 
A + 

NaZSM-5 
 

A + 
HZSM-5 

 

A + 
H-Ga-
silicate 

A + 
SAPO-34 

 
Peak temp. 

(oC) 
280 
(•0) 

300 
(•20) 

300 
(•20) 

289 
(•9) 

300 
(•20) 

Oxygen 
coverage 

0.21 0.24 0.24 0.19 0.24 

Catalyst 
 

B 
B + 

NaZSM-5 
 

B + 
HZSM-5 

 

B + 
H-Ga-
silicate 

B + 
SAPO-34 

 
Peak temp. 

(oC) 
250 
(•0) 

310 
(•60) 

310 
(•60) 

310 
(•60) 

310 
(•60) 

Oxygen 
coverage 

0.15 0.30 0.30 0.30 0.30 

A : Cu/ZnO/ZrO2(6:3:1), B : Cu/ZnO/Ga2O3(6:3:1)  
 
the coverage below 0.16, reached a maximum at 0.17 and then 
decreased above 0.18. As shown in Figure 1, the oxygen coverage of 
hybrid catalysts with Cu/ZnO/Ga2O3 (data point 7,8,9 and 10) were 
much larger than that of original Cu/ZnO/Ga2O3 i.e., (0.15) and their 
oxygenate yields were smaller. If the optimum oxygen coverage is 
0.15, the higher oxygen coverage of hybrid catalysts with 
Cu/ZnO/Ga2O3 may indicate that the hybridization made copper 
components less active and resulted in poor yield of oxygenates. 
Among hybrid catalysts with Cu/ZnO/ZrO2, the hybrid catalyst 
containing H-Ga-silicate (data point 4) showed the highest yield of 
oxygenates probably due to weak interaction. Its oxygen coverage 
(0.19) was also not much different from that(0.15) of Cu/ZnO/Ga2O3. 
The Ga oxide inside the pore of H-Ga-silicate seems to make Cu 
species in the hybrid catalyst more active by balancing the ratio 
Cu1+/Cu0. Table 3 shows that the increase of calcination temperature 
resulted in higher yield of oxygenates because the larger amount of Ga 
oxide, formed inside the pore, optimized the oxygen coverage. It is 
preferable to use H-Ga-silicate as a Ga source rather than 
Cu/ZnO/Ga2O3 to regulate the Cu ion state for a higher production of 
oxygenates. Another kind of interaction, i.e., acidity modification, 
seems to be more beneficial for hydrocarbon synthesis, while not good 
for oxygenates synthesis. The hybrid catalyst with SAPO-34 or 
HZSM-5 which had higher acid amount due to solid-solid interaction 
showed a poor yield of oxygenates but a higher yield of hydrocarbons 
than that with H-Ga-silicate [7]. It is believed that the reducibility 
should affect the synthesis of oxygenates and that the acidity should 
influence the hydrocarbon synthesis. The moderate acidity of H-Ga-
silicate seems to be sufficient for oxygenate synthesis. Figure 2 shows 
the effect of mixing ratio on the yield of oxygenates over the hybrid 
catalyst from Cu/ZnO/ZrO2 and H-Ga-silicate. It can be seen that the 
hybrid catalysts with low fraction of zeolite showed better yield for 
oxygenates. It was reported that for DME synthesis the rate limiting 
step is methanol formation [8], and accordingly it is desirable to 
increase the weight fraction of methanol synthesis catalyst. Relatively 
small amount of acid sites were sufficient to convert methanol into 
DME because the rate of dehydration due to H-Ga-silicate is much 
faster. Campbell et al. [9] showed that only a small active site 
concentration was necessary for HZSM-5 to be an efficient and 
effective methanol conversion catalyst.  
 
Table 3. Effect of calcination temperature of H-Ga-silicate on 
oxygenates yield 

Calcination 
temperature(oC) 

550 600 650 

Oxygenates yield*  
(Oxygen coverage) 

12.6 
(0.19) 

13.4 
(0.18) 

13.8 
(0.16) 

 

Oxygen coverage
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Figure 1. Yield of oxygenates vs. oxygen coverage; 
1: CuO/ZnO/ZrO2 (A),2:A+NaZSM-5,3:A+HZSM-5, 4:A+Ga-
silicate,5:A+SAPO-34, 6: CuO/ZnO/Ga2O3(B),7:B+NaZSM-5,8:B+HZSM-5, 
9:B+Ga-silicate,10:B+SAPO-34 
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Figure 2. Effect of mixing ratio of hybrid catalyst on oxygenates yield 
 
Conclusions 

Since methanol synthesis from CO2 hydrogenation has a severe 
limitation of thermodynamic equilibrium, in situ transformation of 
methanol to dimethyl ether (DME) was investigated by using hybrid 
catalyst composed of Cu-based methanol synthesis catalyst and a 
zeolite to improve the total oxygenates yield (methanol + DME). 

Hybrid catalysts composed of Cu/ZnO/ZrO2 showed higher yield 
of oxygenates than those of  Cu/ZnO/Ga2O3. Among them the hybrid 
catalyst of Cu/ZnO/ZrO2 and H-Ga-silicate showed the highest yield 
of oxygenates in CO2 hydrogenation. The modification of reducibility 
or oxygen coverage due to the interactions between methanol 
synthesis catalyst and zeolite was believed to determine the ability of 
oxygenate synthesis. 
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Apparatus and Analysis.  The experimental configuration is 
shown in Figure 1. The reactor was a stainless steel autoclave 
(FYX-5A, made in Dalian, China) with an inner volume of 500mL, 
a magnetic stirrer and an electric heater. When a given amount of 
CH3I and K2CO3 were mixed with methanol (150mL) in the 
autoclave, the autoclave was sealed. After flushing with nitrogen 
and then purging with CO2+N2 to a given pressure at room 
temperature, the autoclave was heated and stirred constantly at a 
specific temperature and pressure for a given period of time. The 
reaction products, which were collected to a proper volume from 
the tap hole, were cooled to the ambient temperature. The samples 
so obtained were analyzed by gas chromatograph and organic 402 
was used as monomer columns (60-80 mesh). After condensation, 
gas-liquid separation, depressure, the reaction products are 
continuously monitored on-line by double-column GC-900B 
（made in Shanghai, china） with a thermal conductivity detector, 
a TDX-02 column (80-100 mesh) was for the analyzing of the gas 
phase. 
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1. Introduction 
  In the global warming imbroglio, carbon dioxide is number one 
enemy. It is mainly liberated from combustion of fossil fuels (coal, 
oil and natural gas). Conversely, carbon dioxide is also one of the 
cheapest and most abundant carbon source in the world. Carbon 
dioxide can be converted into a lot of useful organic compounds by 
effectively activation. Thus, the recycle and utilization of carbon 
dioxide seem to be a fundamental task from environmental 
protection and economics points of view. For these reasons, we 
proposed a process by which dimethyl carbonate could be prepared 
by catalytic esterification of carbon dioxide and methanol.  P
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  Dimethyl carbonate has attracted much attention in terms of a 
non-toxic substitute for dmethyl sulfate and phosgene, which are 
toxic and corrosive methylating or carbonylating agents. In 
addition, DMC is considered to be an option for meeting the 
oxygenate specification for transportation fuels. Fig. 1 The schematic diagram of the experimental apparatus 
  The conventional synthesis of DMC is via the reaction of 
methanol and phosgene. Owing to the high toxicity of the raw 
material and severe corrosity, this method has fallen out of use 
gradually. The other two widely used methods of synthesis of 
DMC are ester exchange process[1-2] and the process of oxidative 
carbonylation of methanol[3-5]. Recently, a more challenging 
method[6-9] is the direct synthesis from carbon dioxide and 
methanol. Although metallic magnesium powder, Sn(Ⅳ) and Tl(Ⅳ) 
alkoxides have been used the catalysts, respectively, unfortunately, 
the yield of DMC was low even in the presence of chemical 
dehydrates because mainly of thermodynamic limit. 

1－Cylinder of feed gas；2—Cylinder of N2；3—Reducing pressure 
valve；4—Autoclave； 5—Heater；6—Tap hole；7—Condenser；
8—Gas-liquid separator；9—Gas chromatograph； 10-Vent; 
11—Soap film flowmeter 

 
3. Results and Discussions 
  In the all experiments, the constitute of feed gas is CO2:N2＝3:5, 
the velocity of magnetic stirrer was controlled at 250 rmp. The 
preliminary tests showed that the dosages of CH3I and K2CO3 were 
10.0mL and 8.0g, respectively. If one of the two compounds was 
absence, the other compound had no activity for the catalytic 
reaction. 

  The near critical regions are considered as the most significant 
regions that have the supercritical characteristics that affect the 
reactions to the greatest extent. The supercritical conditions would 
play a crucial role in carbon dioxide effectively activation and 
conversion. In this paper, we studied the process for the continuous 
preparation of DMC near the critical regions of carbon dioxide, in 
which carbon dioxide acted not only as a medium of the 
supercritical fluid, but also as one of the reactants.  

  The xD is defined as the mole fractional of DMC in liquid-phase 
product. 
 
3.1 Reaction pressure and temperature 
  Figures 2 and 3 show the effects of the reaction pressure (P) and 
the temperature (T) on xD, respectively. From Figure 2 it could be 
seen that xD increases with increase of the reaction pressure. When 
the reaction pressure approaches about 7.3MPa, xD reaches the 
maximum value. Then, xD decreases. The change tendency of 
Figure 3 is similar to that of Figure 2, in which the peak value of xD 
is at approximately 80~100℃. Obviously, it is near the critical 
regions of carbon dioxide that carbon dioxide can be converted 
effectively into DMC. 

 
2. Experimental  
Chemicals.  Methanol (analytical grade purity, 99.5%), dimethyl 
carbonate (99.8% purity) and CH3I and K2CO3 (analytical grade 
purity, 99.8%) were all made in China. Compressed carbon dioxide 
(used as a food agent, purity min. 99.9%) was used. 
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  Figure 4 showed the schematic diagram of the tentative ideas for 
the commercial production of DMC. After forerunning, the 
gasified azeotrope was added into extractive distillation column (3) 
at central section and water was sprayed from top of column. 
Distillate contained two layers, the upper layer was organic phase 
which contained 97% of DMC, the lower was aqueous phase which 
contained 5% of water and 0.05% of DMC, respectively. The water 
phase was discharged from bottom of separator (5) and mixed with 
first runnings. 
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Fig.2 Effects of the reaction pressure on xD   
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 Fig. 4 The schematic diagram of the tentative ideas for the 

commercial production of DMC Fig.3 Effects of the reaction temperature on xD 
1—reactor; 2—primary tower; 3—extractive distillation;  4—
condensor; 5—separator; 6—fractionating town 

1—50.0℃；2—75.0℃；3—90.0℃；4—115.0℃       
1—5.0MPa；2—6.0MPa；3—7.0MPa；4—8.0MPa 

  
  The weak point of this preparation from methanol and CO2 is 
that the conversion is limited by the reaction equilibrium at low 
level. But this limitation is avoidable by the removal of water from 
the reaction system, for example, by introducing trimethyl 
orthoformate. If it is possible to get a suitable method for the 
removal of water, DMC yield will be improved drastically.  

3.2 Supercritical phenomena and reaction pathway[10-12] 
  There is a conjugated double bond in the molecule of carbon 
dioxide. Near the critical regions of carbon dioxide, the reaction 
rate varies with the change of the electric polarization of the 
conjugated system of the molecule, so that carbon dioxide can take 
part in an addition reaction. Furthermore, carbon dioxide has a 
Lewis -acid carbon atom and two weakly Lewis basic oxygen 
atoms, it is therefore not surprising that it can undergo various 
reactions, such as firstly bound “abnormally” to form the 
intermediate. The basic function is useful for the activation of 
methanol and formation of CH3O-, the nucleophilic attack of 
CH3O- upon CO2 led to the formation of DMC. Methyl idoide is 
only involved in the catalytic cycle. Based on above analysis, near 
the critical point of carbon dioxide, xD reaches the maximum value. 

 
4. Conclusions 
  The continuous catalytic synthesis of dimethyl carbonate from 
carbon dioxide and methanol in the presence of CH3I and K2CO3 
near the critical point of carbon dioxide was studied in an agitated 
reactor. The optimal xD was obtained under the conditions of 
reaction temperature 80~100℃, reaction pressure 7.3MPa. The 
value of the reaction pressure was near the critical point of carbon 
dioxide. It could be concluded that under the supercritical 
condition carbon dioxide was effectively activated. A possible 
reaction pathway was suggested from the viewpoint of supercritical 
phenomena. Finally we put forward the tentative ideas for the 
commercial production of DMC, the results will be useful to the 
esterification of carbon dioxide and methanol.  

 
3.3 Tentative ideas for the commercial production of DMC 
  In the system of preparation DMC from carbon dioxide and 
methanol, besides the product such as DMC and water, there are 
large number of feed gas and a little of by-product like dimethyl 
ether. In order to obtain pure product of DMC, two-steps method 
can be utilized to separate dimethyl carbonate from reaction 
product. The first step is forerunning, it most fully used the 
azeotropic feature of methanol with dimethyl carbonate, the 
azeotropic mixture of CH3OH－DMC can be separated from 
by-product and feed gas in packed column. The second is refining 
step, extractive distillation method was adopted. Based on the 
feature, of which DMC is difficult to dissolve into water, water was 
used as an extraction reagent to extract and separate DMC from 
azeotrope, we put forward the tentative ideas for the commercial 
production of DMC. 
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Introduction 

The direct use of carbon dioxide in the carboxylation of organic 
substrates finds a quite extensive application in Nature,1 while only  
few processes based on carbon dioxide are industrially exploited: the 
Kolbe-Schmitt reaction2 (Eq.1) and the synthesis of  urea 3 (Eq.2), 
that are known since more than one century, and the recent 
carboxylation of epoxide. 

            I                                 II                         III 

2  NH3  +  CO2  =  H2NCONH2  +  H2O                             (2) 

     IV 

Also, carbon dioxide is the electron acceptor in metabolic paths 
characteristic of anaerobic microrganisms, methanogens and 
acetogens4 among others. Their enzymatic reaction mechanism shows 
in some cases a surprising similarity with chemical processes.  

The conversion of organic compounds into methane requires a 
complex metabolic food chain5 as the biomass undergoes several steps 
(depolymerization, acidogenesis, acetate formation, methanogenesis, 
methanation of CO2) that opens new perspectives for the development 
of biotechnologies and environmental friendly innovative synthetic 
methodologies based on carbon dioxide.1,6 
 
Results and Discussion 
Biotechnological carboxylation of phenol  

The  Kolbe-Schmitt   reaction   (Eq.1)   is   industrially   used  
since long time  for   the synthesis of 2-OH-benzoic acid and 4-OH-
benzoic acid but the selectivity and yield are not completely mastered. 
However, it is highly wished to dispose of a selective process working 
under mild conditions.  

We have found that the pathway for phenol degradation follows 
the route, quite usual in Nature, of “increasing the complexity of the 
molecule for its easier degradation”.7  In fact, as shown in Scheme 1, 
phenol (V) is first phosphorylated (VI), then carboxylated to 4-OH-
benzoic acid (VII), which is converted into the active form 4-OH-
benzoyl-CoA (VIII) subsequently, dehydroxylated to benzoyl-CoA 
(IX), the active form of benzoic acid. The latter is eventually 
converted into CO2 and H2O (X). 
 
 
 
 
 
 
 

Scheme 1. Phenol biodegradation pathway by Thauera aromatica 
 

The carboxylase enzyme responsible for the carboxylation of 
phenol is Mn(II) dependent6,8 and affords very selectively the 4-OH-
benzoic acid isomer, a compound that finds application in material 
science. We have developed a biotechnological synthesis of it, solving, 
thus, the problem of purity. The enzyme was supported on low-
melting agar on which it has a life from several days to weeks.  

A recent modification of this system makes use of a membrane for 
the separation of the reaction space where the enzyme is kept, from 
the space where the reaction product is extracted.  

Such first application of the Phenol carboxylase enzyme for the 
functionalisation of organic substrates, is clean and affords an 
interesting turnover number of ca. 16 000. 
 
CO2 reduction to CO and the synthesis of acetic acid. 

The reduction of CO2 to CO (Eq.3) is the first step in the bacterial 
production of acetic acid from CO2. 

 
CO2 + 2 H+ + 2e-   →  CO + H2O                                          (3) 
 

It recalls the “reverse gas shift reaction” occurring in industrial CO2 
reduction with H2, that is believed to take place in the synthesis of 
methanol from CO2. (Eq. 4) 
 

CO2 + 3 H2     →    CH3OH + H2O                                       (4) 
 
In bacteria, the CO2 reduction is mediated by the enzyme CODH 

(Carbon monoxide dehydrogenase), that contains both Ni and Fe. 
Once formed, CO is coupled with a methyl group generated from CO2 
(Scheme 2) with the intervention of the tetrahydrofolate enzyme. 
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Scheme 2. Cycle of CODH 
 

Such coupling generates the acetyl-moiety, CH3-CO- that generates 
acetic acid. It is amazing the similarity of the bacterial synthesis of 
acetic acid with the industrial Monsanto process. (Scheme 3) 
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Scheme 3. Monsanto process 
 
For a long time, Ni has been considered to be, in the enzymatic 

system, the metal center binding CO and probably catalysing the CO2 
reduction.9 It has been proposed that CO is bound to Fe, where the 
acetyl moiety is generated.10 

Chemical model systems indicate that both Ni11 and Fe12 
complexes are able to bind carbon dioxide. Concerning the CO2 
reduction to CO, at the present time only evidence that the Ni 
complex (PCy3)2Ni(CO2) (XI) catalyses the CO2 reduction reaction in 
the presence of proton and electron donors has been collected.13 The 
fluxional behaviour of the carbon dioxide moiety co-ordinated to the 
metal has been unambiguously established in the case of XI, for which 
the limit forms and the rotational free energy barrier have been 
determined (∆G≠ = 39.6 kcal/mol).14 
 

XI in toluene, under dinitrogen atmosphere, reacts with several 
Broensted acids, under electron transfer conditions with formation of 
the carbonyl-bound species (PCy3)2Ni(CO)2 (XII) isolated from the 
reaction mixture as thermodynamic products, while (PCy3)2Ni(CO) 
(XIII) is a kinetic product.  
The so formed CO is able to react with one olefin and Ph-SS-Ph to 
afford a thioacetyl moiety, fully mimicking the bacterial process 
(Scheme 4).  
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Scheme 4. Biomimetic synthesis of thioesters 
 
These findings prompted us to propose the alternative acetyl 
formation based on Ni (Scheme 2). 
 
The influence of Fe, Co, Ni on the production of methane  
We have studied the influence of the concentration of Ni, Fe, Co on 
the methanation of fermentable vegetables and found that they 
influence at different extent the H2 production, the CO2 reduction to 
methane and, thus, the CH4/CO2 ratio that may reach quite high 
values (more than 4.5). This finding suggests that the natural biogas 
composition may have been influenced by the nature of the rocks that 
constitute the walls of the reservoirs. The presence of Ni, Fe, Co ions 
may have made available the metal ions to the bacterial pool for a 
better biogas quality. 
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SYNTHESIS AND EPR STUDY OF RU-MN DIMER 
COMPLEXES AS CATALYSTS FOR LIGHT-
DRIVEN WATER OXIDATION:  TOWARDS

SOLAR ENERGY CONVERSION INTO FUELS 
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b Department of Physical Chemistry, Uppsala University, Box 

532, 751 21 Uppsala, SWEDEN Figure 1. Structures of one Mn dimer complex 1 containing a 
Mn2

II,II moiety and one trinuclear complex 2 containing the same 
dimer covalently linked to a RuII(bpy)3 via an amide bond. 
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 Experimental  
Introduction  Chemicals and Synthesis: Penta-aminechlorocobaltIII 

chloride (here denoted CoIII) was purchased from Aldrich. RuII 
tris-(2,2´-bipyridyl) dichloride ([RuII(bpy)3

2+) was prepared 
according to Sullivan et al. 5  Complex 1 in the Mn2

II,II and 
Mn2

II,III states was synthesized according to Diril et al. 6  and 
complex 2 was prepared as described by Sun et al.7  

In Photosystem II (PSII),1 solar energy is used to extract the 
electrons needed to reduce CO2 (the greenhouse gas) from water. 
Thereby, the biosphere is provided with an inexhaustible electron 
source, making water oxidation in PSII a key process in nature. 
Under illumination, the chlorophylls in the primary donor in PSII 
(P680) are transiently excited to P680

* which, within picoseconds, 
ejects an electron to a chain of protein-bound electron acceptors. 
The photo-oxidized P680

+ has a potential of Em P680
+/P680 ≈1.18V 

vs. NHE, and retrieves its electron from a series of electron 
donors and ultimately from water. 

EPR Spectroscopy: X-band EPR measurements were 
performed on a Bruker ESP 380E spectrometer equipped with a 
TE102 cavity and an Oxford Instruments liquid helium flow 
system. EPR spectra were analyzed using the software package 
WinEPR. Laser flashes at 532 nm (6ns pulse width, ~250 
mJ/flash) were given at room temperature from a Spectra 
Physics DCR 3G Nd:YAG laser. The incident laser light was 
adjusted with lenses to cover the entire EPR sample volume. In 
flash photolysis experiments, saturating laser flashes (1 Hz 
repetition rate) were applied to the EPR samples at room 
temperature. After the designated number of flashes, the sample 
was first frozen in a 200 K ethanol/dry ice bath within 2 seconds 
and then quickly transferred to liquid N2 until further use. X-
band EPR spectra were recorded before and after flashing of the 
EPR samples.  

Water oxidation is catalyzed by a domain within PSII called the 
water oxidizing complex (WOC), which involves a tyrosine 
residue, denoted TyrZ, and a cluster of four Mn ions functioning 
as a charge storing device for oxidizing equivalents. In each 
turnover of the enzyme, four electrons are extracted from two 
water molecules. The reaction is catalyzed by the manganese 
cluster in close conjunction with TyrZ.  

In attempts to mimic the WOC and the redox reactions 
involved in photosynthetic water oxidation, we have incorporated 
principles from PSII into supramolecular complexes. Our strategy 
is to couple a photoactive RuII tris-bipyridine (RuII(bpy)3 center 
(which mimics P680) to a redox active moiety containing 
manganese or tyrosine.2 Others and we have synthesized several 
multinuclear Ru-Mn systems.3, 4 In all these systems, it has been 
possible to observe light induced electron transfer from the Mn 
ion(s) to the photo-oxidized Ru center when the molecules are 
exposed to laser flashes in the presence of an external electron 
acceptor. We have also shown that tyrosine can be coupled to the 
Ru-complex and function as a redox-active intermediate.3 
However, to more completely mimic the reaction sequence, a 
higher degree of complexity is required.  

Electrochemistry: Electrochemical measurements were 
performed using a three-electrode system connected to a 
potentiostat from Eco Chimie with an Autolab/GPES 
electrochemical interface. The working electrode was a glassy 
carbon disc (diameter 2 mm, freshly polished) for voltammetry 
or a platinum grid for bulk electrolysis respectively. A platinum 
spiral was in a separate compartment was used as counter 
electrode. The reference electrode was an Ag/AgNO3 electrode 
(10 mM AgNO3 in acetonitrile).  The electrolyte was prepared 
from dry acetonitrile (molecular sieves 3 Å) with 0.1 M 
tetrabutylammonium perchlorate (TBAClO4, Aldrich) that had 
been dried at 413 K. For the aqueous electrolytes, 1% or 10% 
water (v/v%) was added. Before the measurements, oxygen was 
removed from the solution by purging for 10 minutes with 
solvent saturated nitrogen.  

To increase the similarities between our supramolecular 
complexes and the donor side of PSII, we have synthesized a 
triad system complex 2 (Figure 1) containing a RuII(bpy)3 center 
coupled via a modified L-tyrosine to a Mn2

II,II-bpmp dimer(1),
17,18

 
(bpmp = 2,6-bis[[N, N-di(2-pyridylmethyl)amino]methyl]-4-
methylphenol). In our first study of this complex,3 we described 
the synthesis and a few of the chemical and spectroscopic 
properties of 2. We showed that under illumination, the excited 
RuII* can reduce an external electron acceptor. The photo-
generated RuIII then retrieves an electron very rapidly (k>1 × 
107s-1) via intramolecular electron transfer. In this paper we want 
to show the photo-induced multistep electron transfer in 1 and the 
synthesis of its derivatives 3 and 4.  

 
Results and discussions 

Electrochemical Studies.  
The redox potentials for the sequential oxidation of 1 and 2 

were determined by cyclic voltammetry. Complex 1 was studied 
in both dry acetonitrile and mixtures of acetonitrile and water, 
whereas 2 was only studied in dry acetonitrile due to its low 
stability in water. The voltammogram of 1 in dry acetonitrile 
(Figure 2A) displays two reversible redox processes at E1/2= 
0.50 V and 1.06 V vs. SCE. These potentials are in good 
agreement with the data previously reported by Chang et al6 who 
assigned the first anodic peak to the Mn2

II,II/II,III redox couple and 
the second to the Mn2

II,III/III,III redox couple. 
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Figure 2. Cyclic voltammograms obtained in dry acetonitrile of 
A, 1.5 mM complex 1 (—) and 1 mM RuII(bpy)3 (---) and B, 1 
mM complex 2. Conditions: scan rate 10mV/s. Otherwise, see 
experimental section. 
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Figure 3. EPR spectra showing the flash dependent oxidation 

of 1 from the Mn2
II,II to the Mn2

III,IV oxidation state. Spectra a, b, 
c and d are recorded in samples that were exposed to 0, 1, 10 
and 20 flashes respectively. EPR conditions: T= 10 K; 
microwave power, 3.3 mW; modulation amplitude, 10 G; 
microwave frequency, 9.47 GHz; modulation frequency, 100 
kHz. 

 
 
The cyclic voltammogram of complex 2 in dry acetonitrile is 
shown in Figure 2B. The reversible anodic process at 1.35 V vs. 
SCE and the three cathodic peaks at negative potentials, are 
typical for RuII/III oxidation and ligand reduction in RuII(bpy)3 
complexes.21 By comparison with the voltammogram of complex 
1 (Fig 2A) the additional quasi-reversible anodic processes can be 
assigned to the Mn moiety, i.e. to the Mn2

II,II/II,III and Mn2
II,III/III,III 

couples respectively. The peak potentials for these two processes 
are identical within 20 mV for 1 and 2. 

 
Spectra b, c and d in Figure 3 show the results of flash 

illumination at 532 nm of a mixture of complex 1, RuII(bpy)3 
and CoIII. When one flash was applied (Figure 3 spectrum b) the 
maximum peak height of the Mn2

II,II signal decreased compared 
to the spectrum recorded before flash illumination (Figure 3, a). 
Simultaneously a new signal at ≈1300 G, originating from CoII 
arose. By increasing the number of flashes, the CoII signal 
increased while the Mn2

II,II signal amplitude decreased (Figure 3, 
b to d). The increase of the EPR signal from CoII indicates that 
CoIII was reduced in a flash-dependent fashion. Spectra c and d 
in Figure 3 represent samples that were given 10 or 20 flashes 
respectively. It is clear that the EPR signal from Mn2

II,II 
decreased, and already after 10 flashes most of the Mn2

II,II 
features, as well as those from the uncoupled MnII, disappeared 
from the EPR spectrum (Figure 3 c). After 20 flashes (Figure 3, 
d), a well-resolved 16 line EPR signal appeared in the spectrum. 
The new signal is centered around g≈2 and has a width of 
approximately 1220 G, ranging from 2880 to 4100 G, with a 
hyperfine coupling constant of 78 to 80 G. This hyperfine 
pattern makes it clear that the signal originates from Mn, and 
EPR signals of this type with 16 lines are characteristic for a 
strongly spin coupled Mn2

III,IV dimer.9  

 
Photo-induced, Stepwise Oxidation of Mn2

II,II.  
Figures 3 and 4A demonstrate chemical reactions in complexs 1 

and 2 when they are subject to flash illumination in the presence 
of RuII(bpy)3 (in 1) and CoIII in deareated solution. The EPR 
spectrum of a mixture of complex 1 and RuII(bpy)3 in buffered 
(20 mM MES, pH 7, saturated with CoIII) water solution 
containing 10% acetonitrile was recorded at 10 K. Previous to 
any illumination (Figure 4, top spectrum), 1 displays two 
spectroscopic species. The main part of the spectrum represents 
the Mn2

II,II dimer, distinguishable by the broad peak at 2628 G 
(indicated by a bar) and by the broad trough at 3648 G (see 
above). However, because of the presence of 90% water a small 
fraction of the Mn dimers are destabilized to monomeric MnII. 
This fraction is visible as a set of 6 lines centered around 3384 G 
(g≈2), and was estimated to be less than 20%, measured from the 
peak-to-trough height. To steer clear of interference from this 
signal in our quantitative measurements of 1, we have used the 
peak at 2628 G which only belongs to the coupled Mn2

II,II 
spectrum.  

The photo-induced oxidation of 1 to the Mn2
III,IV state is an 

interesting reaction, but it occurs via intermolecular electron 
transfer. We were therefore interested in whether a similar 
reaction could be achieved in 2, where the Mn2

II,II dimer is 
covalently linked to the RuII(bpy)3 center. We have earlier 
described very rapid reduction of photo-oxidized RuIII in 2 (k>1 
× 107s-1) and we proposed that the electron originated from the 
Mn-dimer in 214. Here, we expand these optical studies of RuIII 
reduction with EPR studies aimed at following the redox 
chemistry in the Mn moiety of 2. 

 
 
The EPR spectrum of 2 prior to illumination is similar to that 

published earlier and is also dominated by the Mn2
II,II dimer 

spectrum from two antiferromagnetically coupled MnII ions (top 
spectrum in Figure 4A). Notably, due to the lower water content 
(10%) in the measurement, there is no or negligible 
contamination from uncoupled MnII in the spectrum of 2. 
Interestingly, there is an 11-line hyperfine pattern observable in 2 
between ≈ 2400 to 2850 G with a splitting constant ≈ 40 to 45 G 
which is also typical for Mn2

II,II 8  but which was not observed in 
1. 
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Figure 4. A, EPR spectra showing the oxidation of 2 from the 

Mn2
II,II to the Mn2

III,IV oxidation state. B, Decrease of the Mn2
II,II 

(● ) and increase of the Mn2
III,IV (▲) signal amplitude from 2 as a 

function of flash number. Spectrum a was recorded in the dark. 
Spectra b through e were recorded after the sample was exposed 
to 7, 11, 20 and 25 flashes respectively. The EPR conditions as in 
Figure 3. 

 
In the low temperature EPR spectrum of 2 (Figure 4A, 

spectrum a) the main spectral features from the Mn2
II,II dimer are 

clearly observable at 2605 G and 3680 G. Photo-oxidation 
experiments were carried out in the presence of 10% water. 
Figure 4A shows the results when 2 was exposed to laser flashes 
in the presence of CoIII as electron acceptor. A small, but 
significant, fraction of the signal amplitude from Mn2

II,II 
(indicated with a bar) disappeared as a function of number of 
flashes applied. After 10 and 35 flashes, about 15% and 25% 
respectively of the EPR signal amplitude had disappeared (Figure 
4A,B). The spectra in Figure 4A also clearly reveal that 
continuous flashing results in the formation of a new dominating 
EPR feature centered around 3380 G (g≈2). This spectrum 
consists of 16 lines with a hyperfine coupling constant ≈78 to 80 
G and is essentially identical to the Mn2

III,IV spectrum from 1. We 
conclude that the Mn2

II,II moiety in 2 can also be photo-oxidized 
to the Mn2

III,IV state. Because of the rapid electron transfer to 
photo-generated RuIII in 2 observed earlier, we propose that the 
photo-oxidation is an intramolecular electron transfer reaction. 

 

 
Figure 5. The structures of high valence Mn(III/III) dimer 

covalently linked to ruthenium tris-bipyridine complexes. 
 

To drive the photo-oxidation of a Mn dimer to a higher oxidation 
state, such as Mn2

IV,IV, complex 2 was modified. The complex 3 
and 4 in Figure 5 have been synthesized recently. Two pyridine 

groups were replaced by phenol groups. Preliminary 
measurements show that the new ligands can stabilize Mn2

III,III 
state from beginning. Photo-induced multi-step electron transfer 
study is underway. 
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Conclusions 
The photochemistry and electrochemistry in two model 
complexes complex 1 and 2 were investigated. The EPR spectra 
revealed that both complexs underwent photo-induced, stepwise 
manganese oxidation by electron transfer to a photosensitizer. 
Figure 6 describes the reactions involved. The electron transfer 
is intermolecular for complex 1 and intramolecular in 2. In the 
presence of water, the Mn2

II,II moiety was successively oxidized 
to the mixed-valence Mn2

III,IV state. Electrochemical studies 
indicate that ligand exchange in the Mn2

III,III state, e.g. 
substitution of the acetate bridges by water molecules, is most 
likely a prerequisite for oxidation to the Mn2

III,IV state. 
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Figure 6. Photo-induced three step electron transfer in trinuclear 

complex 2. 
 

The light induced Ru oxidation to the highly oxidizing RuIII 
species involves an oxidizing potential quite similar to that of 
P680

+ in the PSII reaction center. The redox potentials of the 
different manganese oxidation states of 1 and 2 are also quite 
comparable to those involved in the donor side chemistry in PSII, 
with the potential of the highest oxidation state remarkably close 
to that which is necessary for oxidizing water. The successive 
recovery of RuII accompanied by stepwise Mn oxidation, 
possibly mediated by the tyrosine derivative in 2, thereby highly 
resembles important steps in the function of the WOC in PSII.  
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Introduction 
Methane Mono-Oxygenase (MMO) and Deoxyhemerythrin are 
examples of diiron enzymes that catalyze the dissociative and non-
dissociative binding of molecular oxygen [1-5]. Dissociative binding 
of oxygen via a peroxo intermediate to a diamond core structure 
leads to a reactive species active in the oxidation of alkanes [1-2]. 
Non-dissociative binding of oxygen via a side-on peroxo 
intermediate such as in the active site of deoxyhemerythrin does not 
allow the splitting and allows binding/release of oxygen as a function 
of the physiological conditions. Such active sites are among the 
growing list related to (hydr)oxo-bridged di- or poly-iron cores in 
biological systems. Methane mono-oxygenase has a binuclear active 
site in which two histidines and four glutarates are present. Both iron 
ions are coordinated by a histidine, an oxygen from a bridging 
carboxylate and a µ-oxo bridge [1]. Theoretical modeling of these 
enzyme active sites has been recently reported. Yoshizawa et al. 
studied the dioxygen cleavage and methane activation on diiron 
enzyme models with the extended Hückel method, an approximate 
molecular orbital method, the µ-η1:η1-O2

  or µ-η2:η2-O2 binding 
modes are distorted to the corresponding dioxygen complex 
[4].Shestakov and Shilov showed that the synchronous insertion of O 
atom mechanism is found to be significantly less contradictory (for 
example in methane) if it is supplemented by the stage of formation 
of the five-coordinate carbon intermediate complex of a hydrocarbon 
molecule via oxygen atom of an active center[5].   
 

 
Figure 1.  [Fe2(HPTP)(OH)(NO3)2] in montmorillonite clays. 
 
Methane can be converted into methanol with binuclear iron(IV)-
model complexes 
To mimic the MMO active site with a finite cluster we chose to study 
the binuclear heptapodate coordinated iron (III)-complexes of  
N,N,N’,N’-tetrakis(2-benzimidazolylmethyl)-2-hydroxy- 1,3-diamino 
-propane (HPTB) and N,N,N’,N’,-Tetrakis(2-pyridylmethyl)-2-
hydroxy-1,3-diamino-propane (HPTP). These have active sites of the 
form [Fe2(HPTP)(µ-OH)]4+ (1) and [Fe2(HPTB)(µ-OH)]4+ (2). As 
supports for such complexes we use mesoporous materials such as 

MCM-41, FSM-16, HMS (Hexagonal Molecular Sieve) [7-8] and 
clays (Fig 1) [9] since these materials have large surface areas and 
large pore sizes that can be tuned from 1.5 to 10 nm. We 
characterized these complexes using Quantum Mechanics (QM) and 
EXAFS, Mössbauer and Catalysis and studied the effect of the 
support.  

The QM was at the ab initio and DFT (B3LYP) levels [3]. All 
chelating N-atoms and the ligand backbone were included in the QM 
determination of the geometry and electronic properties of the 
ground and excited states of the active site. The geometries of the 
supported complexes were determined with MD using the Universal 
FF (UFF) [6] supplemented with a FF based on the quantum 
mechanics. For the O2 binding on the reduced active site the µ-η1:η1-
O2

  mode seems to preceed formation of the O=Fe-O-Fe=O bis-ferryl 
active site that reacts exothermally with methane by 50.56 kcal/mol. 
After the H splitting from methane, the methyl recombines with the 
FeO center via a weak Fe-OCH3 bond in this model. The consecutive 
reaction with water protonates the methoxy group to form methanol 
and the substitution at the active site by a hydroxo group is 
endothermic by 7.50 kcal/mol. The regeneration of the active site 
with H2O2 is again endothermic by 3.24 kcal/mol. After the loss of 
methanol Fe(III)- O- Fe(III) is formed which is reduced to the Fe(II,II) 
form. Ferryl groups are reactive two center three electron bonds. The 
solvation calculations are very important to obtain good quantitative 
data. Siegbahn et al. [1] uses gas-phase values as the dielectric 
constant of an enzyme is low (ε = 4) compared to this of water (ε = 
80). For the solvation of small model compounds in water such 
effects are not negligable. The solvation energies are about 150, 300 
and 500 kcal/mol for the 2+, 3+ and 4+ complexes.  

Mössbauer spectroscopy allows the oxidation and spin states of the 
iron atoms to be assessed. Thus the isomer shifts relative to metallic 
iron at 300 K in the range 0.35-0.60 mm/s are characteristic of 5- or 
6-coordinate high-spin di-ferric µ-OH complexes, the smaller 
quadrupolar splitting < 1 mm/s, in the hydroxo-bridged complexes is 
due to the lengthening of the Fe-O bond upon protonation of the oxo 
bridge.  The Mössbauer pattern of the supported complexes becomes 
more complex due to complex lattice interactions. The EXAFS 
shows lengthening of the Fe-Fe distances for benzimidazole 
compared to pyridine containing complexes. When the complexes are 
supported on mesoporous oxides, the EXAFS finds a lengthening of 
the Fe-Fe distances. The EXAFS data on the model compounds gives 
longer Fe-Fe distances than the QM. This may be due to neglecting 
in the QM the large counterbalancing anions associated with the 
structure of [Fe2(HPTP)(µ-OH)(NO3)2](ClO4)2 and [Fe2(HPTB)(µ-
OH)(NO3)2](ClO4)2. 

Methane can be converted into methanol with α-Oxygen on iron 
in ZSM5 type zeolites 
α-Oxygen can be formed on such iron sites by nitrous oxide N2O 
decomposition at elevated temperature. Nitrous oxides are formed in 
the industrial synthesis of adipic acid. In nitrous oxide decomposition 
several routes exist depending on pressure and temperature. In order 
to study the pretreatment, activation, reaction and extraction effects 
the Fe containing topologies such as CHA, MFI, MOR and CFI [10] 
are tested in the methane to methanol conversion. Pretreatment 
performed with O2 at 550°C and vacuum at 800°C to 900°C is 
optimal. Activation with N2O at 250°C is optimal and reaction with 
CH4 occurs from 20°C, extraction is best with H2O and quantification 
of methanol is performed by GC, GC-MS and NMR. 
Structure/activity effects rquire the notion of new structural 
parameters related to the introduction of iron in zeolite topologies 
such as CHA, MFI, MOR and CFI [10-11], performed via direct 
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synthesis and post-synthetic modification. When iron concentrations 
are kept low framework iron is seen (Fig 2).  

 
Figure 2. X-Ray Diffraction patterns of FeCIT-5, FeMOR, FeZSM-5 and 
FeCHA. 
 
Extra-framework iron oxides are occluded after calcination of 
framework iron zeolites with high iron loading or physical mixtures 
of aluminum containing zeolites with iron salts or sublimation of iron 
by mixing zeolites with Fe(acac)2 followed by an oxygen calcination 
procedure. The recent structure of CIT-5 is composed of 1D, extra-
large pores of nearly circular cross section (center of O to center of O 
distance 9.91Å x 9.87Å) circumscribed by 14 T-atoms. The 
asymmetric unit contains 10 T-atoms and 19 oxygen atoms resulting 
in a unit cell content of [Si32O64], a framework density of 18.3 T-
atoms/1000 Å3 and a density of 1.821 g/cm3. The topology consists 
of zigzag ladders of 4-rings with pendant 5-rings interconnected 
through single zigzag chains. For CIT-5 (CFI) all structural 
parameters are within reasonable ranges for silicate materials ( d(Si-
O) 1.591 Å with a range of 1.555-1.641 Å,  a Si-O-Si angle of 149.4° 
with  a range of 168.7°-140.6°, and an O-Si-O angle of 109.4° with a 
range of 113.8° - 104.2°. These values are appended to the molecular 
mechanics Universal Force Field (UFF) [3]. The UFF functional 
forms, parameters, and generating formulas for the full periodic table  
 
Table 1.  Partial oxidation of methane with α-Fe sites in ZSM-5 and 
other Zeolites. 

Zeolite 
%w
t Fe 
in 

Oxidation 
µmol 
Fe  in 

sample 

µmol. 
MeOH 

(oxygenate) 
Fe-ZSM-5 
Si/Al 11 0.5% 5 Torr N2O/ 250°C 75 - 

Fe-ZSM-5 
Si/Al 11 2.0% 5 Torr N2O/ 250°C 360 97 

Fe-ZSM-5 
Si/Al 11 5.0% 5 Torr N2O/ 250°C 800 163 

Fe-ZSM-5 
Si/Al 11 5.0% 10Torr N2O/250°C 800 208 

Fe-CHA 
(0.1 µm) 5.0% 5 Torr N2O/ 250°C 800 10 

Fe-MOR 
(1-3 µm) 5.0% 5 Torr N2O/ 250°C 800 10 (33) 

Fe-CIT-5 
(3-7 µm) 5.0% 5 Torr N2O/ 250°C 800 4 (39) 

 

 
are used to model these structures. XRD, EXAFS, Mossbauer, DRS, 
magnetic measurements and EPR can resolve and attribute presence 
of lattice iron and extra-framework clusters. XRD for as made and 
calcined materials with iron in the lattice reveals α-Fe2O3 particles 
are absent ( no α-Fe2O3 reflection, d104 = 2.70 Å). From EXAFS 
structural parameters obtained in the k3 weighted optimization give 
1.7, 2.7 and 3.4Å distances for Fe(III)-oxygen, Fe(III)- Fe(III) and Fe(III)-
Si bonds. In the EPR spectra the ratio of octahedral/tetrahedral iron 
can be assumed from the presence of lines at g= 2/4.3, and depends 
on sample hydration. In mononuclear iron complexes the Fe-O bond 
distances of 1.86 Å (2+, Oh) 6 coordinated and 1.90 Å (3+, Td) 4 
coordinated. For tetrahedral iron and silicon atoms bond distances of 
1.65 for Si-O and 1.90 Å for Fe-O obtained from QM seen in the 
direction of the Fe-O-Si bridge, with Fe-O-Si angles close to the 
131.2° and to a O-Fe-O angles of 109.47°. 
 
CONCLUSION. 
The reaction of the MMO binuclear heptapodate coordinated iron (III)-
complexes of N,N,N’,N’-tetrakis(iminomethyl)-2-hydroxy-1,3-diamino-
propane model with methane is exothermic The σ- and π-bonds of the ferryl 
Fe=O in the plane of the Fe-O-Fe bridge, have the properties of a two atom 
three electron bond. After the H splitting from methane, the methyl 
recombines with the FeO center via a weak Fe-OCH3 bond in this model.  

Methane can also be converted into methanol with α -Oxygen at room 
temperature using N2O as a selective oxidant inside the pores of various 
zeolites. Extraction of the catalysts with water is preferred over acetonitrile-
water mixtures. The dinuclear iron oxide clusters realize the sub-
stoichiometric (based on a diiron sites) oxidation of methane after N2O 
activation, the small dinuclear Fe sites favor oxygen insertion chemistry over 
coupling chemistry. 
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Introduction 
    Due to the abundance of CO2 as the major greenhouse and the 
most oxidized form of carbon, the efficient utilization of CO2 has 
aroused much interest from fundamental research to application 
application. 
  Herein, we report a novel and promising approach to convert 
carbon dioxide into methanol through consecutive reduction 
catalyzed by three different dehydrogenases. The whole process 
consists of three steps: reduction of CO2 to formate catalyzed by 
formate dehydrogenase (FateDH), reduction of formate to 
formaldehyde by formaldehyde dehydrogenase ( FaldDH), and 
reduction of formaldehyde to methanol by alcohol dehydrogenase 
(ADH). Reduced nicotinamide adenine dinucleotide (NADH) acts 
as a terminal electron donor for each dehydrogenase-catalyzed 
reduction.  
    It is now well established that a wide variety of enzymes 
retain their characteristic reactivities and chemical functions when 
they are confined within the pores of the silica sol-gel derived 
matrix. The porosity of sol-gel glasses allows small molecules and 
ions to diffuse into the matrix while the enzymes remain physically 
trapped in the pores, and thus resulting in an enhanced probability 
of reaction due to an increase in local concentration of substrates 
within the nanopores. Our experiments demonstrated that when the 
above-mentioned three enzymes are encapsulated in the silica 
sol-gel matrix, the yield of methanol is considerably increased as 
compared to that in solution phase. 
 
Experimental 
    The reaction was studied in the solution phase by using an 
enzyme stock solution that was comprised of 7mg/mL of FateDH, 
2mg/mL of FaldDH, 2mg/mL of ADH dissolved in 0.1M phosphate 
buffer at pH7. Add 1.0 mL of the enzyme stock solution to 1.0 mL 
of NADH solution in a polystyrene cuvette such that the final 
concentration of NADH varied from 0.025 to 0.1M .  The cuvette 
was covered with Parafilm to prevent the evaporation loss of 
methanol produced, and CO2 was then bubbled through the 
solution for 8 h to ensure that the reaction equilibrium was 
established. 
    The concentration of methanol was determined by gas 
chromatography. A calibration curve was established for methanol 
aqueous solutions with known concentration of methanol ranging 
from 0.001 to 0.005M . To evaluate the concentration of methanol 
produced as a result of the enzyme-catalyzed reaction. 1.0μL of 
the final reaction solution was used for GC measurements. The 
concentration of methanol was calculated by using peak areas for 
the characteristic methanol band in the chromatogram. 
    The sol-gel encapsulated samples were prepared as follows: 

Tetraethoxysilane (TEOS) was used as precursor for making the 
silica sol-gel.  The initial sol was prepared by mixing 2.60g of 
TEOS , 1.10g of 3%(v/v) of HCl solution . The mixture  was then 
vigorously mixed for 10 min to form sol. The gel were prepared by 
adding 1.0 mL of the stock enzyme solution to 1.0mL of the sol in 
a polystyrene cuvette.  Typical gelation times are on the order of 
10-30s. The cuvette was then covered with Parafilm and gel was 
allowed to age at 4℃ for 24 h. The aged gel was then put into a 
dialysis membrane using 250 mL of 0.1M phosphate buffer at pH7 
as dialysis solution , and placed in refrigerator at 4℃ with frequent 
change of 0.1M phosphate buffer at pH7 The dialysis lasted 24-48 
h to completely remove ethanol generated in the sol-gel process.  
0.1 mL of  NADH solution diffused into the gel by dialysis in the 
similar manner ( the final concentration of NADH varied from 
0.025 to 0.1M ), the sample containing the gel and the NADH 
solution was left undisturbed for 48h. To this mixture , CO2 was 
then bubbled for 8h for production of methanol. The concentration 
of methanol produced was determined using GC by taking a 1.0μ
L aliquot of the solution. 
 
Results and Discussion 
    Table 1 shows the preliminary methanol yields in solution and 
sol-gel matrix. The overall yield of the reaction in solution is near 
to 100%. In sol-gels, the production yield of methanol is 
substantially decreased due to the distribution effect, stereo 
hindrance, diffusion resistance. 
 
 
 
 
 
 
 
 
 

Table1 Representative methanol yields in solution and sol-gel matrix 
 Reaction 

Temperature ℃ 
NADH（μmol） Methanol 

yield（%） 
25 100 98.0 
37 100 100 

Solution 

37 150 94.8 
25 100 30.0 
37 100 91.9 

Solution 

37 150 42.2 

    It is also found that all four species ( i.e. FateDH, Fald DH, 
ADH,NADH) must be present to generate methanol.  
    The introduction of chemical modification to the enzymes and 
the creation of mesoporous structure of gel by biomimetic 
synsthesis is under investigation. 

To sum up, the feasibility of enzymatic conversion of carbon 
dioxide to methanol is tentatively explored. The consecutive 
reduction of carbon dioxide by three different dehydrogenases 
encapsulated in sol-gel matrix results in enhanced yields for 
generation of methanol. This will open up a new avenue not only 
for on-site production of methanol from cheap raw material but 
also for efficient fixation of the greenhouse carbon dioxide. 
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Introduction 
Direct catalytic dehydrogenation and aromatization of methane 

to aromatics and H2 (DHAM) in the absence of O2 has drawn 
increasing attention in the recent years with the development of a 
series of new catalysts[1-5]. For practical uses, W-loaded HZSM-5 
zeolite is among the most promising DHAM catalysts[6-7]. Recent 
studies in our lab have shown that, following an initial induction 
period, a methane conversion of ca.20% could be achieved at a 
benzene selectivity of ca.58% at 1073 K over Zn (or Mn, Li)-
promoted W/HZSM-5-based catalysts. Compared to Mo-based 
catalyst, the W-based catalysts can operate at 1073 K, and gain a 
methane conversion approximately 2 times as high as that of the 
Mo(or W)-based catalyst operating at 973 K. It can also operate at 
973 K and have about the same methane conversion as that of the 
Mo-based catalysts at the same temperature. Its main advantage is its 
highly heat–resistant performance; the high reaction temperature did 
not lead to loss of W-component by sublimation. The present results 
shed light on the design and development of the practical W-based 
catalysts for DHAM reaction. 
 
Experimental 

The W/HZSM-5 catalyst was prepared by conventional method 
of impregnation with H2SO4-acidified (NH4)2WO4 aqueous solution 
(pH=2~3) as precursor. The Zn (or Mn, Li)-promoted catalyst was 
prepared by firstly impregnating a certain amount of the HZSM-5 
zeolite carrier (with Si/Al molar ratio of 38) with a calculated amount 
of ZnSO4 (or MnSO4, or Li2SO4) in aqueous solutions, followed by 
drying at 393 K for 2 h and calcining at 673 K for 4 h, and 
subsequently impregnating with a calculated amount of H2SO4-
acidified (NH4)2WO4 aqueous solution (pH=2~3), and finally drying 
at 393 K for 2 h and calcining at 773 K in air for 5 h.  

The activity evaluation of catalyst was carried out in a fixed-bed 
continuous flow reactor-GC combination system. DHAM reaction 
was conducted at 0.1 MPa and 973-1173 K, with a gaseous mixture 
of CH4 (of 99.99 % purity) +10%Ar (served as internal standard for 
GC analysis, of 99.99 % purity) as feed-gas. Conversion of CH4 and 
selectivities of hydrocarbon products were evaluated with an internal 
standard analyzing method. The amounts of coke formed on catalyst 
were determined by TG-DTA method. In most cases, the results of 
calculation for carbon equilibrium may reach approximately 85% 
after 1 h of reaction. XPS measurements were done on a VG ESCA 
LAB MK-2 system under UHV (1×10-7 Pa), calibrated internally by 
the Si(2p) (B. E.) at 103.3 eV. 
 
Results and Discussion 

DHAM Activity of W/HZSM-5-based catalysts  The results of 
activity assay of a series of catalysts for DHAM reaction were shown 
in Table 1. Over the Mn (or Zn, or Li)-promoted W/HZSM-5 
catalysts, a methane conversion of ca.21% and a benzene selectivity 
of a value of 52-61% could be achieved in the initial 2 h of reaction 
at 1073 K. Addition of a minor amount of CO2 (≤ 2%) to the feed-gas 
was found to significantly enhance methane conversion and 
selectivity of benzene and to improve the performance of coke-
resistance of W/HZSM-5-based catalysts. The results of monitoring 
the changes of methane conversion and selectivities to hydrocarbon 

products with time on stream of the reaction over a 3%W-
1.36%Zn/HZSM-5 catalyst is shown in Fig.1, from which it can be 
seen that, in the initial 2 h of reaction, ~22% conversion of methane 
and ~62% selectivity of benzene were reached, and after 6 h of 
reaction, methane conversion still maintained at ~10%, with the 
corresponding benzene selectivity at ~38%. The lifetime of the 
catalyst was thus prolonged to a great extent.  
 
Table 1. DHAM Reactivity over Catalyst Systems with Different 

Promoters* 
Selectivity (%) Convers. of 

CH4(%) Ben. C2H4 Catalyst 
105th 
min. 

300th 
min. 

 
105th 
min. 

300th 
min. 

105th 
min. 

300th 
min. 

3%W/HZSM-5 19.5 6.2 48.2 22.0 9.2 12.4 
3%W-1.5%Zn/ 
HZSM-5 21.5 11.0 52.0 25.0 8.0 12.8 
3%W-0.1%Mg-
1.5%Zn/HZSM-5 21.0 15.0 55.0 42.0 12.0 13.5 
3%W-1.5%Mn/ 
HZSM-5 21.5  12.5 59.5 40.0 10.0 13.0 
3%W-1.5%Li/ 
HZSM-5 21.0 17.0 

 

61.5 50.0 9.0 12.5 
* The activity data of each catalyst taken at the 105th min. and the 
300th min. of the reaction, respectively, under reaction conditions: 
0.1MPa, 1073 K, GHSV of feed-gas CH4+10%Ar at 960 h-1. 
 

 
Fig. 3. Comparison between the assay results of DHAM reaction 
activity over the 3%W-1.36%Zn/HZSM-5 catalyst at 0.1 MPa, 1073 
K, feed-gas: CH4+10%Ar vs. CH4+10%Ar+1.8%CO2, both GHSV = 
960 h-1. 

 
The promoting effect of the added CO2 originated most probably 

from the role that it played as scavenger of functioning surface of the 
catalyst via Boudart reaction: CO2 + C (deposited C at surface) 
→2CO, thus in favor of alleviating the deposition of carbon and 
inhibiting the formation of coke at the catalyst surface to a greater 
extent.  

Carbon Deposition and Catalyst Regeneration  Fig.2-I shows 
the changes of W(4f)-XPS spectrum of the 3%W/HZSM-5 catalyst 
with time on stream of the reaction. Detailed analysis and computer 
fitting of these W(4f)-XPS spectra revealed the existence of W-
species in mixed valence-states at the surface of functioning catalyst, 
with the W(4f)7/2 binding energy of W6+, W5+, W4+, W2+ and WC at 
36.0, 35.3, 34.5, 33.2 and 32.2 eV, respectively, and after the 
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reaction for 6 h, the WC had been the predominant W-containing 
species (See Table 2). 
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Fig.2  W(4f)-XPS spectra (I) and C(1s)-XPS spectra (II) of the 
3%W/HZSM-5 catalyst with time on stream of the reaction.   
 

Table 2 Composition of W-containing Species at the Surface of 
functioning 3%W/HZSM-5 Catalyst 

Percentage of different W-Species in the total 
surface W (%) 

Time (h) on 
stream of 
the reaction W6+ W5+ W4+ WC 
1 19.1 13.5 28.8 18.6 
3 12.5 24.2 32.1 31.2 
6 7.5 18.2 20.1 54.2 

 
Formation of the WC species was also evidenced from C(1s)-

XPS spectra (Fig.2-II) taken on the functioning catalyst in different 
stages of the reaction; the dominant C-containing surface species 
was WC (B.E.of C(1s) at 283.3 eV) in the initial 1 h of reaction, 
while was amorphous carbon deposits (B.E. of C(1s) at 284.7 eV) 
after 6 h of reaction. By analysis and computer fitting of the XPS 
spectra taken on the catalyst samples with different time on stream 
of the reaction, it has been shown that the molar ratio of the 
component elements at the surface of 3%W/HZSM-5 catalyst was 
Al/C/O/Si/W= 1.2/~0/63.1/34.4/1.3 for the oxidation precursor, and 
1.5/41.7/35.5/20.8/0.5 for the functioning catalyst after 1 h of 
reaction. It changed to Al/C/O/Si/W= 0.6/82.7/10/6.6/0.1 after 6 h of 
reaction, revealing that most portion of the surface of the functioning 
catalyst was covered by carbon deposits at that time. 

NH3-TPD measurements revealed that ca.80% of strong and 
medium-strong acidic sites were lost after 5 hours of reaction. N2-
BET measurements demonstrated that, after 1 h reaction, specific 
surface area of the functioning catalyst decreased to 302 m2g-1 from 
368 m2g-1 for the oxidation precursor of catalyst. It further came 
down to 75 m2g-1 after 5 h of reaction, implying that carbon deposits 
blocked most of the zeolite pores, thus resulting in the loss of a 
greater part of the surface. In fact, heavy deposition of carbon on the 
surface of functioning catalyst was the main reason leading to 
deactivation of the catalyst.   

Reoxidation by air can regenerate the deactivated 3%W/HZSM-
5 catalyst effectively, with the Al/C/O/Si/W molar ratio at the 
renewed surface recovered to 1.8/~0/64.7/31.7/1.9 and the XCH4 and 
SC6H6 regained to 20-18% and ca.50%, respectively, after undergoing 
an induction period of 20 minutes. The results of activity evaluation 
of the 3%W-1.5%Mn/HZSM-5 catalyst for DHAM reaction after a 
series of operation/regeneration (by air-oxidation each time for 1 h at 
873 K) showed that, it is not until after ten times of regeneration that 
a small decrease in the catalyst activity was observed (See Fig.3). It 

seems that the reason leading to the decrease in the catalyst activity 
was probably due to dealuminization to some degree of the 
framework structure of HZSM-5 zeolite caused by aqueous vapor 
resulting from the coke combustion in air-regeneration processes 
over and over again.  

 
Fig.3 DHAM reactivity over the 3%W-1.5%Mn/HZSM-5 catalyst 
after undergoing a series of operation/air-regeneration; the below 
curves for CH4 conversion and the upper curves for C6H6 selectivity. 
 

Action of Promoters Zn, Mn and Li  NH3-TPD study of the 
W/HZSM-5-based catalysts confirmed that the intensity and 
concentration of the surface B-acid sites have pronounced effects on 
the catalyst performance for DHAM reaction. It was found 
experimentally that, by addition of a proper amount of Mg2+, the 
strong B-acid sites at the catalyst surface could be effectively 
eliminated, whereas the addition of a proper amount of Zn2+ or Li+ 
resulted not only in eliminating most of the strong surface B-acid 
sites but also in generating a kind of new medium-strong acid sites, 
mostly B-acid sites, simultaneously. The latter could serve as the 
catalytically active sites for DHAM reaction. On such medium-
strong surface B-acid sites, the formation of coke would be also 
alleviated to a greater extent. By simultaneous addition of Mg2+ and 
Zn2+, optimized adjustment in surface acidity of the catalyst could be 
realized. On the other hand, it was indicated experimentally that the 
doping of the Zn2+ or Li+-component to WOX matrix would facilitate 
inhibiting aggregation of the W-containing species and improving 
dispersion of the W-component at the surface of catalyst, thus 
bringing about decreasing in the reduction-temperature for the hard-
to-be-reduced W6+-species and increasing in quantity of the reducible 
W6+-species, as has been evidenced by the results of H2-TPR study 
on the reducibility of the Zn2+(or Li+, Mn2+)-promoted W/HZSM-5 
system. The above two roles that Zn2+, Mn2+ and Li+ as promoters 
played both contributed to the persistence of high methane 
conversion and benzene selectivity, and the alleviation of coke 
deposition, as well as the prolongation of the catalyst lifetime. 
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Introduction 

For the mitigation of global warming due to carbon dioxide, 
catalytic conversion of CO2 has been extensively studied for last 
decade.1 Most of studies on this field have been concentrated on the 
utilization of carbon dioxide as a carbon source through catalytic 
reduction processes with various kinds of reductants.1 Particularly, 
hydrogen has long been used to abstract the oxygen atom of CO2 for 
catalytic conversion into useful chemicals.2 However, catalytic 
hydrogenation is confronted with some limitations to be 
commercialized because in most cases the cost of hydrogen from 
conventional sources such as steam reforming of hydrocarbons is not 
cheaper than that of chemicals obtained from catalytic hydrogenation. 
However, the utilization of CO2 as a mild oxidant and an oxygen 
transfer agent is recently attracting considerable attention.3-5 This 
approach is expected to open new technology for CO2 utilization. It 
has been proposed that the oxygen species of carbon dioxide is useful 
for oxidative conversions of hydrocarbons.6-8 Krylov and Mamedov 
have studied on the oxidative conversions of alkanes, alkenes, and 
alcohols with carbon dioxide over Mn oxide-based catalysts.9 Yoo et 
al. showed that Fe/Mo/borosilicate catalyst could activate CO2 which 
could be functioning as a promoter and co-oxidant for the gas-phase 
oxidation of alkylaromatics with oxygen as well.2  

Styrene is commercially produced by dehydrogenation of 
ethylbenzene (EB) using potassium-promoted iron oxide catalysts 
with a large excess of superheated steam. However, the use of steam 
has a drawback of losing latent heat of condensation during 
subsequent separation in the commercial process. The energy 
consumption required for the EB dehydrogenation using carbon 
dioxide is estimated to be much lower than that for the currently 
operating process using steam.10 In addition to energy saving, the use 
of CO2 with replacement of steam can give a beneficial advantage for 
increase in equilibrium conversion. Considering these aspects, it is 
desirable to design a new catalytic system based on the use of carbon 
dioxide instead of steam. Some selected catalytic systems show 
promoting effects in the presence of carbon dioxide.4,6,11 In particular, 
we have reported that, in the case of zeolite-supported iron oxide 
catalysts, carbon dioxide exhibits beneficial effects on improving 
catalytic activity and preventing coke formation.6 

 
This work deals with dehydrogenation of aromatic 

hydrocarbons, especially ethylbenzene using CO2 as an oxidant. We 
suggest catalysts to exhibit high activity and excellent selectivity for 
styrene with the help of carbon dioxide as an oxidant. 
 

Experimental 
Catalyst Preparation. γ-Al2O3-supported iron oxide catalyst 

(Fe/γ-Al2O3) was prepared by depositing iron(II) sulfate solution onto 
supports at the temperature range 60 - 70oC under nitrogen 
atmosphere to prevent the dissolution of oxygen.6 It was precipitated 
at pH = 10 - 11 with ammonia water. The precipitates were filtered, 
dried at 80oC in vacuum oven, and calcined under a nitrogen stream 
at 700oC for 4 h. Al2O3-supported vanadium oxide (V2O5/Al2O3) or 
vanadium-antimony binary oxide (V-SbOx/Al2O3) catalysts were 
prepared by impregnation of aqueous solutions of ammonium 
metavanadate and antimony (III) chloride onto activated alumina. 
The impregnated sample was dried at 100oC and then calcined in air 
at 600oC for 4 h. For V2O5/Al2O3, the content of V2O5 was 20.0 wt%.  
For V-SbOx/Al2O3, the content of V2O5 and Sb2O3 was 7.5 wt% and 
15.5 wt%, respectively. 

Catalytic Measurement. The EB dehydrogenation into styrene 
was carried out in a micro-activity test unit (Zeton, MAT 2000) with 
a fixed bed reactor at 600oC under atmospheric pressure. A sample of 
1g was placed on a fritted metal disk in the reactor. Before reaction, 
the catalyst was treated in a nitrogen stream from RT to 600oC with a 
heating rate of 10oC/min. Ethylbenzene was introduced by syringe 
pump and supplied into the reactor by a carrier gas with flow rate of 
20 ml/min. The liquid and gas products were analyzed by GC 
(Donam Corp., DS6200) equipped with FID and TCD, respectively. 
Effluent gases from the reactor were analyzed by a gas 
chromatograph (Chrompack CP9001) equipped with a thermal 
conductivity detector (TCD).  
 
Results and Discussion 

Steam is generally utilized as diluent in dehydrogenation of 
aromatic hydrocarbonds and oxygen works as strong oxidant in 
oxidative reactions of aromatic hydrocarbons. However, carbon 
dioxide can be utilized as both oxidant and diluent since it can release 
oxygen as surface oxygen species upon activation on reduced or 
oxygen-deficient catalyst surface and it has high heat capacity. It can 
be confirmed that CO2 plays a key roles as oxidant and diluent in EB 
dehydrogenation using carbon dioxide instead of steam. Table 1 
displays the effect of carrier gas in EB dehydrogenation over 5 wt% 
Fe/γ-Al2O3 catalyst. It is clearly seen that carbon dioxide works very 
well in EB dehydrogenation as the soft oxidant and diluent to 
increase the conversion as well as selectivity. The order of catalytic 
activity and selectivity for styrene according to carrier gas was CO2 > 
N2 > H2O. Such dependence of the activity on carrier gas is just 
contrary to that of commercial catalyst. Considering that conversion 
of CO2 took place together with EB conversion, the enhancement of 
the dehydrogenation activity and the selectivity is certainly ascribed 
to the promotional effect of excess carbon dioxide to the oxidative 
process. This result implies that the initial hydrogen abstraction at 
benzylic C-H bond of EB was much facilitated by carbon dioxide. 
 
Table 1. Effect of carrier gas in EB dehydrogenation over Fe/γ-Al2O3 
catalysta 

Carrier Gas X(EB), % S(SM), % X(CO2), % H2O/H2
b 

N2 63.7 95.8 - - 

H2O 25.0 88.8 - - 

CO2 68.5 97.2 47.4 1.7 
aReaction conditions: Temp. = 600oC, LHSV = 1.0 h-1, CO2(N2 or 
H2O)/EB = 10/1, Time-on-stream = 4 h. brelative concentration to 
EB. 
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Crystalline iron oxides have not been apeared on XRD pattern of 
Fe/γ-Al2O3 catalyst, suggesting that iron oxide phase is amorphous 
and is well dispersed. Characterization results revealed that the 
oxidation state of iron oxide over γ-alumina is between γ-Fe2O3 and 
Fe3O4. These two phases in the catalyst seem to be interconvertible 
during EB dehydrogenation with CO2. There may be optimal 
population of iron oxide phase between γ-Fe2O3 and Fe3O4 to show 
high activity. The surface basicity upon the introduction of iron oxide 
onto γ -Al2O3 support was not changed so much. It is known that a 
Fe3O4 spinel oxide, so-called magnetite is basically oxygen deficient 
enough to activate carbon dioxide at elevated temperature.12 In our 
previous work, it has been considered that oxygen deficiency of iron 
oxide in the supported catalyst is one of the most important factors on 
promoting the catalytic activity in the presence of CO2.

6 Oxygen-
deficient sites of the supported iron oxide catalyst seem to produce 
CO efficiently from the CO2 dissociation, and the adsorbed oxygen 
on the catalyst surface can also play a role on hydrogen abstraction 
from EB. Dispersion of the oxygen-deficient sites or oxygen defects 
in the supported iron oxide catalysts appears to be more efficient for 
the CO2 dissociation and thereby the oxidative dehydrogenation of 
EB. Therefore, it is assumed that high activity of Fe/γ-Al2O3 in the 
presence of CO2 is mainly due to the presence of Fe2+ species and its 
oxygen deficiency.  

Figure 1 displays the catalytic results for EB dehydrogenation 
with CO2 over V2O5/Al2O3 and V-SbOx/Al2O3 catalysts at 600oC. 
These catalysts exhibited very high conversion (>75%) and high 
selectivity (>95%) at initial stage. However, catalytic activity of V-
SbOx/Al2O3 was higher than that of V2O5/Al2O3 and, moreover, its 
stability was much better than that of the unpromoted one. It has been 
proposed that redox behavior of vanadium oxide-based catalysts 
played a key role in accordance with Mars-van-Krevelen mechanism 
in oxidative dehydrogenation of alkylaromatics.13 Likewise, EB 
dehydrogenation with CO2 is expected to follow the same 
mechanism. Vanadium oxide with V5+ is generally considered as an 
active component. Deactivation of supported vanadium oxide 
catalysts  was  
 

 
 
Figure 1. Comparison of catalytic activities of V2O5/Al2O3 and V-
SbOx/Al2O3 catalysts. Reaction conditions: Temp. = 600oC, LHSV = 
1.0 h-1, CO2/EB = 1/1. 
 
occurred by deep reduction of V5+ into V3+ and coke formation. The 
introduction of Sb oxide into V2O5/Al2O3 led to preventing the deep 
reduction of the oxidation state of vanadium and facilitating the redox 
cycle, resulting in enhancement of the catalyst stability as well as the 

catalytic activity. Carbon dioxide for this reaction acted as the soft 
oxidant to provide oxygen species on reduced catalyst surface and, 
consequently, reoxidize the reduced vanadium species. 
There are two possible pathways for EB dehydrogenation to styrene. 

The simple dehydrogenation of EB that produces styrene and 
hydrogen occurs under nitrogen or even carbon dioxide atmosphere, 
while the oxidative dehydrogenation of EB that produces styrene, 
carbon monoxide, and water occurs under carbon dioxide 
atmosphere. During the reaction, carbon monoxide and hydrogen in 
the gas phase were observed together with a trace of methane. 
Considering the gas product distribution, the ratio of H2O/H2 in the 
product stream is estimated to be 1.7 for Fe/γ-Al2O3 and 1.4 for V-
SbOx/Al2O3, respectively, after 4 h on stream. The formation of water 
as well as carbon monoxide implies that CO2 molecule over catalyst 
surface is dissociated with CO and surface oxygen, which can 
abstract hydrogen from EB and then results in the generation of 
water. Taking into account the formation of large amount of water, 
high activity for supported iron oxide and supported vanadium 

catalysts under CO2 carrier may be mainly ascribed to oxygen species 
dissociated from carbon dioxide molecule, thus due to the promotion 
of the oxidative process by carbon dioxide. In other words, this 
indicates that carbon dioxide plays a role as an oxidant in EB 
dehydrogenation on supported iron oxide and vanadium oxide 
catalysts.  

 
Conclusions 

This work demonstrates that the utilization of carbon dioxide as 
an oxidant is very useful for oxidative dehydrogenation of aromatic 
hydrocarbon such as ethlbenzene. In dehydrogenation of 
ethylbenzene over supported iron oxide and vanadium oxide 
catalysts, carbon dioxide plays a key role as an oxidant to increase 
catalytic activity and selectivity to styrene.  
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Introduction 

Dimethyl carbonate (DMC) is an important precursor of 
polycarbonate resins as well as a useful carbonylation and 
methylation agent [1]. Because of the negligible toxicity of DMC, it 
is promising as a substitute for phosgene, dimethyl sulfate, or 
methyl iodide. DMC can be prepared by the oxidative 
carbonylation of methanol, carbonylation of methyl nitrite or 
transesterification of cyclic carbonate with methanol [2]. Because of 
the moderate reaction conditions and the use of CO2 as raw 
material, transesterification method, as shown follow, has gained 
increasing attention in recent years.   

 
 
 
 
 
 
 
 
 
In present paper, CaO calcined from CaCO3, which shows 

excellent catalytic activity, is used as solid base catalyst for the 
rudimental investigation of its catalytic behavior for synthesis of 
DMC from propylene carbonate (PC) and methanol (MeOH) as 
well as the mechanism of this reaction over CaO. 
Experimental 

CaO was prepared from CaCO3 calcined at 1173K in N2 
atmosphere. The reaction was carried out in a 250mL flask 
equipped with reflux condenser, water bath and magnetic stirring. 
Except particular description, catalyst was added into the flask 
accompanied with violent magnetic stirring after the temperature 
reached to the expected one. Reaction product was analyzed by 
Gas Chromatograph after centrifugal separation of solid catalyst 
from liquid. 
Result and discussion 

Fig.1and Fig.2 shows the effect of temperature on DMC yield 
and DMC selectivity. It can be seen that CaO shows excellent 
catalytic activity for synthesis of DMC from PC and MeOH so that 
the reaction even can reach equilibrium in 60 minutes at 10℃. 
With the increase of temperature, equilibrium DMC yields decrease 
gradually. As for DMC selectivity, while it increase firstly then 
decrease gradually at 10℃ and 20℃, it decrease gradually all 
along at 30℃,40℃ and 50℃with the prolong of reaction time. 
This reaction is a little exothermic with ΔrH=-7.092kJ/mol [3-6], 
therefore, the increase of temperature would result in equilibrium 
constant decrease and the consequent decrease of equilibrium 

DMC yield. Since Knifton reported that hydroxyethyl methyl 
carbonate, which could be detected only at short reaction time 
and/or low temperature, was intermediate when MeOH reacted 
with ethylene carbonate to generate DMC and ethylene glycol, 
hydroxypropyl methyl carbonate (HMC) may be the intermediate 
of reaction in present paper. On the other hand, the intermediate 
can also react with PC continually to generate polymeric propylene 
carbonate (PPC) with the rate much slower than that of subject 
reaction. Thus the by-product is mainly intermediate--HMC before 
the reaction reach equilibrium, and is mainly PPC after reaction 
reach equilibrium, which is good explanation of white colloidal 
solid produced from MeOH and PC reacting 2hr at 120℃.The 
increase of temperature can promote the polymerization of PC and 
consequently result in the decrease of DMC selectivity. 
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Fig.1  Effect of temperature on DMC yield  
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Fig.2  Effect of temperature on DMC selectivity  

The effect of catalyst concentration on DMC yield and DMC 
selectivity is illustrated in Fig. 3 and Fig. 4. It can be seen that 
DMC equilibrium yield keep constant as catalyst concentration 
increase from 0.61% to 1.80%, which means that catalyst 
concentration have no effect on reaction equilibrium but can 
increase reaction rate. On the other hand, when catalyst 
concentration is 0.61% and 0.91, the variance of DMC selectivity 
with the prolong of reaction time like that at low temperature, 
which means that the decrease of catalyst concentration can 
decrease the reaction rate of HMC with MeOH and thus increase 
the concentration of HMC at short time. Furthermore, the increase 
of catalyst can promote the polymerization of PC and consequently 
result in the decrease of DMC selectivity.  
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The effect of the ratio of MeOH and PC on DMC yield and 

DMC selectivity is shown in Fig.5 and Fig. 6. It can be seen that 
equilibrium DMC yield increase gradually with the increase of the 
ratio of MeOH and PC. This reaction is reversible; therefore the 
increase of MeOH concentration can make equilibrium PC 
conversion increase and the subsequent increase of equilibrium 
DMC yield.  From Fig. 6 we can see that on the one hand, DMC 
selectivity-time curve, liking that at low temperature, increase 
firstly then decrease gradually with low ratio of MeOH and PC, on 
the other hand, DMC selectivity increase gradually with the 
increase of the ratio of MeOH and PC after the reach of 
equilibrium. The decrease of the ratio of MeOH and PC means the 
decrease of MeOH concentration, which makes the reaction rate of 
HMC and MeOH decrease and consequent increase of HMC 
concentration at short time. At the same time the polymerization of 
PC is competitive with subject reaction. The increase of MeOH 
concentration can inhibit this side reaction and make DMC 
selectivity increase.  

 

 

 

 

 

  

 

 

 

 

 

 

 

 

 

 

 
 
In order to further understand the mechanism of this reaction 

on the catalyst, the effect of addition method, temperature, catalyst 
concentration and the ratio of MeOH and PC on reaction rate are 
studied. Fig. 7 shows that there is an induction period in rate-time 
curve when MeOH and PC was added first as well as the PC and 
catalyst was added first, which means that the induction period 

comes from the activation of MeOH on solid base catalyst. On the 
other hand, the reaction rate is faster for MeOH and PC being 
added firstly than that of PC and catalyst being added firstly, which 
may be caused by activation of PC by H-bond between PC and 
MeOH. Therefore the catalytic mechanism of CaO may be as 
follow:. 

Fig. 4 Effect of catalyst content on DMC selectivity 
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Fig. 8 shows the effect of temperature on reaction rate. The 
maximum rate increase and the induction period is shortened with 
the increase of temperature. At the beginning of the reaction, the 
concentration of activated MeOH is low, so the activation of 
MeOH has an important effect on DMC production rate, then after 
the activation step reach equilibrium, the surface reaction of 
activated MeOH with PC becomes an important factor that 
influence the rate of DMC production. The increase of temperature 
can promote the rate of all steps and consequently result in the 
maximum rate increase and the induction time shortened. 

 As for effect of catalyst concentration shown in Fig.9, the 
maximum rate increase and the induction period is shortened with 
catalyst concentration increase from 0.61% to 1.23%, but the 
rate-time curve almost unchanged when catalyst concentration 
increase from 1.23% to 1.84%. The increase of catalyst 
concentration can result in the increase of both MeOH activation 
rate and equilibrium activated MeOH concentration, so the 
maximum rate increase and the induction time is shortened with 
the increase of catalyst content. However, when the catalyst 
concentration reach certain amount, it is not an important factor 
that affect MeOH activation rate and equilibrium activated MeOH 
any more, therefore the reaction rate-time curve doesn’t change 
with the continue increase of catalyst concentration.  0 10 20 30 40 50 60 70 80 90 100 110 120 130
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Reaction time/min. As far as the effect of the ratio of MeOH and PC is concerned, 
the induction period is shortened with the increase of the ratio of 
MeOH and PC, but the maximum rate increase when the ratio of 
MeOH and PC increase from 2:1 to 6:1first, and then decrease 
when MeOH to PC ratio continual increasing from 6:1 to 10:1. 
With the increase of MeOH to PC ratio both MeOH activation rate 
and equilibrium activated MeOH concentration increase, but PC 
concentration decrease, thus although the induction time was 
shorten due to the increase of the ratio of MeOH and PC ratio, but 
the surface raction rate of activated MeOH with PC increase first 
then decrease with the increase of the ratio of MeOH and PC. 

Fig. 5 Effect of MeOH to PC ratio on DMC yield 
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Conclusion 
1 CaO calcined from CaCO3 shows excellent catalytic activity 

for synthesis of DMC from MeOH and PC. The reaction 
even can reach equilibrium in 60 minutes at 10℃。 

2 The main function of CaO is the activation of MeOH and the 
consequent promotion of MeOH and PC reaction. The 
H-bound between MeOH and PC can activate PC and make 
reaction rate increase. 

3 Relative low temperature and high ratio of MeOH and PC is 
preferable for high DMC yield and selectivity. Increase of 
catalyst concentration has little effect on DMC yield but 
make DMC selectivity decrease.  
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FOR THE SIMULTANEOUS 

CONVERSION OF GREENHOUSE GASES 
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1. NOX-catalyzed homogeneous partial oxidation of CH4 to 
syngas 

Our recent studies show that under both weak and strong 
oxidizing conditions (O2/CH4 = 1.5-5.0), NOx can act as a good 
catalyst for the partial oxidation of methane to CO without the use 
of any solid catalyst. Under weak oxidizing conditions (O2/CH4 = 
1.5) in the absence of NOX, the oxidation of CH4 requires 
temperatures higher than 850 °C. Addition of NO initiates the 
reaction at a much lower temperature arround 550 °C, and the 
selectivity to CO is about 40% at a temperature of 650 °C.  

Under strong oxidizing conditions (O2/CH4 = 5.0), NOX also 
exhibits considerable catalytic activities and selectivities for the 
conversion of methane to CO. The results are summarized in Table 
1. It can be seen that, in the absence of NO, the initial temperatures 
required for the activation of CH4 are higher than 800 °C. In the 
presence of NO, however, the temperatures required are reduced to 
below 570 °C. The lowest temperature for the activation of CH4 is 
only 520 °C. In all the experiments shown in Table 1, no decrease 
in NO/NO2 concentration (based on the area of infrared absorption 
peak) is observed up to 950 °C, indicating that NO2 and other 
possible nitrogen oxides cannot be reduced by CH4 without a solid 
catalyst. NO-catalyzed partial oxidation of methane is a highly 
selective reaction for production of CO (68%). The highest TOF 
value (40 methane molecules converted per second per NO) is 
obtained at an NO concentration of 100 ppm, suggesting that the 
reactions described here are a gas-phase homogeneous catalytic 
reaction. 

2. Biomass-based partial reduction of SO2  
Na2CO3/γ-Al2O3 has been employed as a regeneratable sorbent 

for SO2 removal. Utilization of biomaterials or abandoned 
biomaterials (BIOM), treatments of which usually produces a great 
amount of CO2, to take the place of alumina is a creative new 
approach to this problem. The BIOM includes farmland straw, rice 
husks and stalks, dried branches and leaves, waste paper and 

similar materials,. The breakthrough and stoichiometric SO2 
adsorption efficiencies of a biomass supported Na2CO3 system 
(80wt%Na2CO3/straw) reached 48.9% and 80.6% respectively at a 
desulfurization temperature of 80 °C. It should be noted that the 
reduction properties of cellulose-based materials like BIOM have 
been reported previously. Based on previous work and this study, a 
more efficient and complete flue gas desulfurization (FGD) process 
can be proposed. The key steps in the proposed process are the 
enrichment of SO2 by Na2CO3/BIOM, and the subsequent 
reduction of SO2 to S by BIOM via reaction (1):  
(1) C6H10O5 + 6SO2 → 6S + 6CO2 + 5H2O              A 
suitable catalyst will be needed for this reaction, and further studies 
are being carried out in this laboratory.   
3. CO2-related aromatization of lower alkanes including 
methane 

Conversion of C1-C3 alkanes in the presence of CO2 has 
been investigated for years. What role the CO2 plays under the 
reaction conditions and what products may be obtained from the 
reaction is still unclear however. Thermodynamic analyses as well 
as reaction studies have shown that both SAMCA (simultaneous 
activation of methane and carbon dioxide to aromatics) and 

SCACA (simultaneous conversion of alkanes and carbon dioxide 
to aromatics) are more thermodynamically favorable than other 
reactions reported to occur in the CH4 (C2H6/C3H8)-CO2 co-feed. 
For example, in comparison with aromatization of CH4 without 
free-oxygen or oxidation of CH4 by CO2 to produce C2H4, 
reactions (2) and (3) are more thermodynamically feasible, 
suggesting that all studies of the conversion of lower alkanes in the 
presence of CO2 as either an additive or a by-product should 
carefully check whether some aromatics are formed in the product 
mixture. 

 Table 1 CH4 conversion and CO selectivity in the partial oxidation of methane a 
NO 

/ppm 
Flow rate /ml 

min-1 

Temperature 
range of CO 

formation /°C 

CO selectivity 
(maximum)b 

(%) 

CH4 conversion 
at CO 

maximum (%) 

Temperature 
of CO 

maximum /°C 

T50% 
/°C 

TOFd 
/s-1 

/ 20 800-880 16 79 868 866 / 
/ 40 840-920 25 42 910 911 / 
/ 80 875- 30c 54c >950 950 / 

200 40 540-760 66 88 630 595 5 
600 20 520-760 68 83 610 590 9 
600 40 560-780 69 90 645 612 9 
600 80 570-840 67 94 680 635 13 

a Reaction conditions: CH4 : 0.4 mol%; O2 : 2 mol%; temperatures: 200-950 °C. b CO selectivity: mol CO · (mol CO + mol CO2 
+ mol CH4)-1   c Values measured at 950 °C  d Values measured at 650 °C 

(2) 4CH4 + 2CO2 → C6H6 + 4H2O + H2    (∆H1073 = 218.5 
kJ/mol C6) 
(3) 5CH4 + 2CO2 → C7H8 + 4H2O + 2H2   (∆H1073 = 272.2 
kJ/mol C7) 
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CO2 AND CO METHANATION OVER TWO 
DIFFERENT NICKEL LOADING NI/TIO2 CATALYSTS 

 
Changwei Hu*, Dong-mei Tong 
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 Sichuan University  

Chengdu, 610064, China  
 

Introduction  
Ni-based catalysts can catalyze the methanation of both CO and 

CO2. Adsorbed carbon species C(a) and CO(a) formed in CO 
methanation on nickel can be transformed into CH4 through the same 
way as those in CO2 methanation1. It is also found that different 
active phases which exhibit different methanation activities for CO 
with CO2 can form on Ni/Al2O3 catalysts under different activation 
conditions2. TiO2 supported metal catalyst is typical to exhibit strong 
metal-support interaction, and the methanation of CO on Ni/TiO2 is 
widely studied. However, the methanation of CO2 on Ni/TiO2 as well 
as the effect of treatment under reaction conditions on the structure 
and properties of Ni/TiO2 has rarely been studied. In present work, 
two different nickel loading Ni/TiO2 catalysts are used to study 
comparatively the methanation of CO and CO2. The structure and 
properties changes of the samples under thermal treatment in CO+H2 
and CO2+H2 ambience are also studied. 

 
Experimental Section 

The catalysts were prepared by wet impregnation on which the 
amount of the nickel loading was controlled by concentration of 
nickel nitrate solution. The amount of nickel loading on the two 
catalysts was 3.53mass% and 9.31mass%, and named catalyst-1 and 
catalyst-2 respectively. Hydrogen adsorbance on reduced catalysts 
was detected by pulse chromatographic technique2,3. Methanation 
experiments were carried out in a fixed-bed quartz reactor with the 
same method described previously2. Catalysts were activated 
stepwisely at 523K, 573K, 673K and 723K under CO2+H2 mixture, 
and then switched to CO+H2 mixture. Another cycle was carried out 
first in CO+H2 mixture, and then in CO2+H2 mixture. 

 
Results and Discussion 

   Catalyst-1 can be activated at 573K under CO2+H2 mixture to 
show CO2 methanation activity. High temperature(723K) destroys the 
active phase formed at low temperature(523K) because CO2 
methanation activity at low temperature over the catalyst activated at 
723K is lower than that when activated at 523K, as shown in Figure 
1(I). The active phase formed at 723K in CO2+H2 flow shows low 
activity of CO methanation. The same fresh sample does not show 
CO methantion activity (about 3.4 mol/min•g) until activated at 
723K in CO+H2 ambience, and the active phase thus formed cannot 
catalyze CO2 to form CH4. It suggests that the active phase formed in 
CO2+H2 ambience at 723K can catalyze CO methanation, but the 
active phase formed in CO+H2 ambience at 723K cannot show CO2 
methanation activity. In another word, CO2 and CO methanation can 
proceed on different active phases.  

The results obtained over catalyst-2 for CO2 and CO methanation 
are shown in Figure 2, they are similar to those on catalyst-1. 
Catalyst-2 can be activated at lower temperature(523K) to show 
methanation activity than catalyst-1 in CO2+H2 ambience. It is 
attributed to the high nickel loading. When the same sample is 
activated first under CO+H2 ambience, then switched to CO2+H2 

                                                 
* Corresponding author. E-mail:chewhu@mail.sc.cninfo.net 

mixture, the similar phenomenon to catalyst-1 is observed. It also 
suggests that CO2 and CO methanation can be catalyzed by different 
active phases formed on nickel loading Ni/TiO2 catalyst.  

  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Temperature(K) 
 

Figure 1.  The methanation activity in terms of the formation of CH4 
on catalyst-1 activated under CO2 +H2 mixture(I), then switched to 

CO+H2 mixture(II) at 573K, 673K, 723K.  
 
         

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Temperature(K) 
 
Figure 2.  The methanation activity in terms of the formation of CH4 
on catalyst-2 activated un der CO2 +H2 mixture(I), then switched to 
CO+H2 mixture(II) at 523K, 573K, 673K, 723K 
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Hydrogen adsorbance at room temperature on catalyst-1 
decreases with reduction temperature, while it increases with 
reduction temperature on catalyst-2, as shown in Table 1. It indicates 
that the initiation of strong metal-support interaction at low 
temperature(573K) on low nickel loading catalyst is more easier  than 
on high nickel loading catalyst, and the SMSI is affected by the 
nickel loading. The results of the hydrogen adsorbance could be 
compared with the results of methanation, it is seen that SMSI is one 
of the reasons for the methanation activities to decrease when the 
catalysts are activated at high temperature. The phenomenon could be 
explained by electronic effect, the extent of electron transfer from 
support to a small metal particle is much easier than that to a large 
one4. 
     
Table 1. The hydrogen adsorbance at room temperature over 
catalysts after reduction at different temperature. 

 
 
Conclusion 

The active phase formed in CO2+H2 ambience can catalyze CO 
methanation, but the active phase formed in CO+H2 ambience cannot 
show CO2 methanation activity on nickel loading Ni/TiO2 catalyst. 
CO2 and CO methanation can be catalyzed by different active phases. 
A Ni/TiO2 catalyst with a low nickel loading can fall into SMSI state 
more easily than that with a higher one. 
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adsorbance 
(mol/gcatal.) catalyst-2 0.0123 0.0172 0.0206 0.0215 
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Introduction 

Natural gas has been used as clean fuels in a variety of 
combustion processes, such as electrical utilities and motor vehicles. 
Catalytic combustion of methane without flame can not only improve 
the energy efficiency but also reduce the formation of thermal nitric 
oxide by lowering combustion temperatures.  

Pd based noble metals have been reported as active catalysts 
for methane combustion. Besides high cost concerns, supported Pd 
catalysts usually deactivated by water vapor regardless of the type of 
the supports used, such as Pd/Al2O3,1 Pd/SnO2

2 and Pd/ZrO2
3,4. Most 

of the research works on metal oxides have been focussed on 
perovskite oxides5, only few studies have been devoted to single 
oxides such as Au, Ag, Fe, and Mn containing metal oxides partly 
because of their relatively easy deactivation by sintering. On the 
other hand, considering a great number of literatures on methane 
oxidation, inhibition by the reaction products, viz., CO2 and water 
has not been given much attention.1 It is recently found in our 
laboratory that the reaction activity of methane combustion on 
Co/Mn mixed oxides can be improved by the presence of water vapor 
at low temperatures.6 

     In this presentation, a series of Co/Mn Mixed Metal Oxides 
was prepared by a sol-gel process, and then the Ce modified Co-Mn 
oxides and the Co-Mn supported catalysts, Co-Mn/Al2O3-SiO2, were 
prepared by homogeneous precipitation, respectively. The water 
effect on methane oxidation was investigated in an attempt to 
improve the thermal stability of these catalysts in the presence of 
water vapor. 
 
Experimental 
         Synthesis of Co/Mn oxides. A citrate solution was added to a 
mixed aqueous solution of Mn(CH3COO)2·4H2O and 
Co(NO3)2·6H2O under strongly stirring conditions. 2M aqueous 
ammonia was slowly added to the above solution until the pH value 
reached 6.5-7.0. Subsequently, the above transparent solution was 
water bathed at 95 oC for 10 h and then dried at 120 oC for 12 h to 
obtain a gel powder, which was further calcined at 450 oC in nitrogen 
for 1 h and then in oxygen for next 2 h. The available powders were 
ready for the oxidation activity measurements after being crushed 
and sieved. The obtained metal oxide samples are denoted as MnOx, 
CoMn and CoMn2, in which the subscript number stand for the 
molar ratio of Mn and Co in the samples. 

Synthesis of cerium doped Co/Mn oxides and Co/Mn oxide 
supported catalysts. Cerium doped Co/Mn oxides were prepared in 
the similar procedure above except that urea was used to precipitate 
a mixed aqueous solution of Ce(NO3)3, Mn(CH3COO)2 and 
Co(NO3)2 at 120 oC in an autoclave. The resulting sample was then 
obtained after being washed by distilled water, dried at 120 oC and 
calcined at 450 oC or 850 oC for 2 h. The powder sample was 
denoted as Ce-CoMn, in which the molar ratio of Ce:Co:Mn is 
0.1:0.9:1. 

The Co/Mn supported catalyst was prepared from a mixed 
aqueous solution of Mn(CH3COO)2 and Co(NO3)2 and urea through 
adding an appropriate amount of Al2O3-SiO2 (BET surface area is ca. 

1000 m2/g) powders into the autoclave under the same procedure 
above. The obtained powder sample was denoted CoMn/SiAl, which 
contained 10 wt. % Co-Mn oxides with the molar ratio of Co to Mn 
as being 1:1. 

Catalytic activity measurements  Catalytic activities were 
measured in a fixed bed quartz tubular reactor. A gas mixture of CH4 
(0.5% by volume), O2 (1.5% by volume) and argon was passed 
continuously through a 0.1 g catalyst sample bed with a total flow 
rate of 100 ml/min of argon. The inlet and outlet gas compositions 
were analyzed after stepwise changes in the reaction temperatures by 
on-line gas chromatograph. 
 
Results and Discussion 

Methane conversion was monitored between 300 oC and 800 

oC. Figure 1 shows methane conversion as a function of reaction 
temperature on the Co-Mn mixed oxides. It is observed that Co 
containing catalysts gave higher methane conversion than the bare 
Mn catalyst. The reaction activities at low temperatures followed the 
order of CoMn2>CoMn>MnOx. For example, methane conversion at 
400 oC in the absence of water vapor on CoMn2, CoMn and MnOx 
was found to be 70%, 59% and 47%, respectively. When adding 5% 
water vapor into the reaction feed, methane conversion on MnOx 
was decreased in line with the previous report on Pd based catalysts. 
However, a remarkable increase in methane conversion was seen 
CoMn and CoMn2 in presence of water vapor. It is shown that 
methane conversion at 500 oC on CoMn2 was increased from 70% to 
83% by the presence of 5% water vapor, and the value on CoMn was 
increased from 59% to 86% under the similar conditions. It was also 
noted that such a water enhancement effect became weak at high 
temperatures. The further work to understand the enhancement 
mechanism may help to develop a type of water-resistant catalysts 
for methane combustion. 
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Figure 1.  Methane conversion on Co/Mn mixed metal oxides calcined at 
450℃ in the absence (solid symbols) and presence (open symbols) of water 
vapor. 
 

In order to improve the thermal stability of the Co-Mn mixed 
oxides, cerium oxide was used to dope the catalyst. Figure 2 shows 
methane conversion on Ce-CoMn calcined at 850 oC for 2 h. It was 
observed that a complete oxidation of methane occurred at 720 oC or 
higher on the cerium-doped catalyst as opposed to <10% of methane 
conversion on the catalyst without cerium, which indicates addition 
of cerium components can improve the thermal stability of the Co-
Mn catalyst. Meanwhile, the enhancement of the reaction activity 
was also observed on Ce-CoMn in the presence of 5% water vapor.  

A high surface area Al2O3-SiO2 material was used as a 
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support for the Co-Mn oxide in an attempt to improve the thermal 
stability. The results were shown in Figure 3. As compared with the 
results on the CoMn sample in Figure 1, it can be seen that the 
reaction activities were improved on CoMn/SiAl in the absence or 
presence of water vapor, which might be related with the better 
dispersion of Co and Mn species on the support with a high specific 
surface area. Moreover, after the sample being calcined at 850 oC for 
2 h, a similar water enhancement effect was still found on the 
CoMn/SiAl sample. For example, methane conversion at 700 oC 
reached ca. 100% in the presence of 5% water vapor as compared to 
the value of 74% in the absence of water vapor. Clearly, the thermal 
stability was improved after Co-Mn oxides being supported on an 
Al2O3-SiO2 support. 
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Figure 2. Methane conversion over Ce-CoMn calcined at 850℃. 
 

Figure 4 shows the Changes in the catalyst activity of 
methane oxidation with time monitored at 500 oC in the presence of 
5% water vapor over CoMn/SiAl calcined at 450 oC. It was 
demonstrated that methane conversion first slightly decreased from 
96% to 89% after the reaction running for 1.5 h, and then the 
conversion was stabilized at ca. 85% for the next 24 h, which was 
indicating a better thermal stability in the presence of water vapor 
might be achieved by supporting Co-Mn components onto a support 
with a high surface area. An attempt to further improve thermal 
stability of the catalyst is in progress in our laboratory. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3. Methane conversion versus reaction temperature on CoMn/SiAl 
calcined at 450℃ (diamonds) or 850℃(triangles) in the absence (solid 
symbols) or presence (open symbols) of water vapor. 

In conclusion, a variety of Co/Mn mixed oxides has been 

investigated in this presentation for catalytic oxidation of methane. 
The results showed that the catalytic activity was increased on 
Mn/Co mixed oxide catalysts by the presence of water vapor. The 
positive effect of water vapor was also observed after the Mn/Co 
oxide was doped with cerium oxide or supported on Al2O3-SiO2, and 
the thermal stability of these catalysts was improved by these 
treatments to Mn/Co mixed oxides. 
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Figure 4.  Methane conversion versus reaction time over CoMn/SiAl at 550
℃ in presence of 5% water vapor. 
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Introduction
The activation of carbon dioxide is a very active research area

by experimental and theoretical approaches.1-3 The reactions of nickel
atom with carbon dioxide have been widely investigated.4-6 The
hydrogenation of CO2 is one of the most important ways for the
effective use of CO2. However, up to now, to our knowledge no
studies of the co-interaction of carbon dioxide and H2 with nickel
have been performed theoretically. The ab initio calculation reported
in this paper is intended to study the possible reaction path of carbon
dioxide and hydrogen on nickel, including their reliable structures of
the intermediates and transition states.

Computational Details
Full-parametric geometry optimizations and the final energy

evaluation for all structures are performed at B3LYP level. The 6-
311+G(2d,2p) basis set is employed for carbon, hydrogen and
oxygen, and the SDD basis set and the corresponding ECP are used
for nickel. The intrinsic reaction coordinate IRC method was used to
track minimum energy paths from transition states to corresponding
intermediates. All the ab initio calculations are performed using the
Guassian 98 programs.

Results and Discussion
       The calculated energy profile is shown in Figure 1. The
optimized geometry of various intermediates and transition states
along the predicted pathway of this reaction and their corresponding
ZPE corrected relative energies are shown in Figure 2.
      As seen in Figure 1 and Figure 2, when CO2 molecule and H2
molecule attaches to Ni atom, intermediate A of C1 geometry forms,
the calculated OCO angle is 178.1° and the distances between carbon
atom and oxygen atoms are 1.171Å(C1-O3) and 1.152Å(C1-O4),
respectively, which are similar to those of free CO2 molecule(1.160
Å). In addition, the distance between Ni atom and O(3) of CO2
molecule is 2.094Å which is close to the Ni-O distance(2.09Å) in
NiO crystal,7 indicating the interaction of CO2 molecule with Ni
atom.

From the non-planer complex A, the reaction proceeds via
transition state TS1 to form an intermediate B of C1 geometry. The
OCO angle in TS1 is slightly bend to 169.0° and the Ni-O(2) bond
length is shortened to 2.022Å. Meanwhile C-O bonds in TS1 are
larger than those in intermediate A, which indicates that the C-O
bonds are weakened. However, there is little difference in structure
between intermediate A and TS1. The calculated activation energy is
0.28 kJ mol-1. IRC confirmed that TS1 connects intermediate A and
intermediate B.

Compared with intermediate A, the structure of intermediate B
is much different. The O(3)-Ni distance is 1.853Å which is obviously
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shorter than that of intermediate A. Furthermore, the C-Ni bond
forms (1.903Å). The calculated its relative energy is –49.1 kJ mol-1.
From those data, we may say the reaction proceeds via a formation of
co-adsorption of CO2 and H2 on nickel atom. Since the activation
energy of this step is so small, it may occur easily.

 From intermediate B, the reaction proceeds via the transition
state TS2 to form another intermediate C of Cs geometry. Compared
with intermediate B, the central Ni-C and C-O(4) bonds (1.827Å and
1.266Å)  in TS2 are slightly larger and the distance between Ni atom
and H(6)(1.567Å) becomes larger, meanwhile O(4)-H(5) bond
(1.351Å) becomes shorter, indicating the H(6)H(5)NiCO(4) five-
members ring  structure is formed. The calculated energy places the
transition state TS2 156.1 kJ mol-1 higher than intermediate B, it may
stem from the congested structure of TS2. IRC calculation confirmed
that TS2 does connect the intermediate B and intermediate C.

The differences in structure between TS2 and intermediate C are
also obvious. The most distinct change is H(5) has transferred from
Ni to O(5). The distance between Ni-H(5) is 2.924Å and the distance
between O(4) and H(5) is 0.966 Å in intermediate C, revealing the
Ni-H(5) bond is broken and the O(4)-H(5) bond is formed.

The overall endothermic of this reaction is calculated to be about
6.42 kJ mol-1. Because the calculated energy between intermediate B
and TS2 is much larger than that between intermediate A and TS1,
we can consider the step from intermediate B to TS2 as the rate-
determining-step (RDS) of the reaction.
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Figure1. Potential energy diagram for the reaction calculated at the
B3LYP level. All energies are given in kJ mol-1 with respected to
intermediate A.

Conclusion
        The co-interaction of CO2 and H2 on Ni atom and then the
reaction H2NiOCO→HNiCOOH are studied by DFT method. The
reaction of Ni with CO2 and H2 proceeds by forming co-adsorption
complex of CO2 and H2 on Ni at the first stage. Reaction continues by
forming the H(6)H(5)NiCO(4) five-members ring in TS2. Ab initio
B3LYP method calculation reveals that overall endothermic of this
reaction is calculated to be about 6.42 kJ mol-1 and the activation of
intermediate B is RDS of it.
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Figure 2. Geometries of intermediates and transition states in the
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Introduction
Methylidyne, methylene, and methyl fragments have been

proposed to be key intermediates in the fuel reforming, methanation
and the dissociation of methane processes.1-3 Many transition metal
catalysts have been synthesized, and Ni-based catalyst has been
found to be one of the most active. In these processes, for example,
the following steps have been suggested,4, 5

CH3 = CH2 + H = CH + 2H
Due to the low concentration and relatively instability of CHx
fragments, direct experimental determinations have proved elusive.
Information on stability and interaction of these intermediates,
therefore, has to be taken from theoretical calculations. The main
objective of the calculations presented in this study is to investigate
the deliberate reaction mechanism between Ni+ and methyl.

Computational Details
The full-parametric geometry optimizations, the final energy

evaluation and vibrational frequency analysis for all intermediates
and transition states were calculated using two levels of theory,
B3LYP with the 6-31G** basis sets for carbon and hydrogen and the
SDD basis sets and the corresponding ECP for the nickel, and the
larger 6-311+G(2d, 2p) basis set for all atoms, in the GAUSSIAN 98
programs.

Results and Discussion
For the intermediates and transition states, the calculated

structures are displayed in Figure 1. The potential curve including
both equilibria and transition states is shown in Figure 2. It is found
that the calculated geometry structures, energies and vibrational
frequencies of all compounds have little discrepancies using the two
kinds of basis sets as mentioned above. For terseness, the results
below are mainly at the B3LYP/6-311+G(2d, 2p) level. It should be
emphasized that all transition states have been verified by IRC
approach.

The initial interaction between Ni+ and CH3· is the formation of
NiCH3

+ species, with a stabilization energy of 129.4 kJ mol-1. For
NiCH3

+, with C3V symmetry, the C-H distance (1.091 Å) is longer
than that for free CH3· (1.078 Å). The planar CH3· has been bent by
its interaction with Ni+. It is indicated that the C-H bond of - CH3·
moiety has been activated by Ni+ atom.

The second step is an oxidative addition from NiCH3
+ via TS1,

yielding the insertion product HNiCH2
+. This step involves an

activation energy of 112.0 kJ mol-1, with an endothermicity of 112.7
kJ mol-1.

For transition state TS1, the C-H(5) distance is notably longer
than that for NiCH3

+, while their overlap population is remarkably
smaller. Meanwhile, the Ni-H(5) distance is considerably shorter than
that for NiCH3

+. These indicate that the C-H(5) bond has been
activated and the interaction of Ni-H(5) has been strengthened.

For HNiCH2
+, the C-H(5) distance is longer than that for TS1,
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while their overlap population is smaller. Meanwhile, the Ni-H(5)
distance is shorter than that for TS1. This is characteristic of Ni-H(5)
single bond. Obviously, the bond of C-H(5) has been completely
cleaved and Ni+ atom has inserted into C-H bond of CH3·.

The third step is the formation of molecular hydrogen complex
of the nickel methylidyne H2NiCH+, with an activation energy of
198.2 kJ mol-1 and an endothermicity of 94.6 kJ mol-1. From the
whole potential energy curve, this barrier is the highest. It is indicated
that this step is the rate-determination step in the whole reaction.

For transition state TS2, the C-H(4) distance is strikingly

Figure 1. Calculated structures for intermediates and transition
states on the potential energy surface at B3LYP/6-311+G(2d,
2p) level. Bond lengths are reported in Å and the overlap
populations from the Mulliken Population are in parentheses.

NiCH3
+ TS1

HNiCH2
+ TS2

H2NiCH+
NiCH+
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longer than that for H2NiCH+, while their overlap population is
clearly smaller. Meanwhile, the H(4)-H(5) distance is significantly
shorter than that for H2NiCH+. These indicate that the C-H(4) bond
has been activated and the interaction of H(4)-H(5) has been
increased.

For H2NiCH+, the C-H(4), Ni-H(4) and Ni-H(5) distances are
longer than those for TS2, while the H(4)-H(5) and Ni-C distances
are shorter. These are representative of H(4)-H(5) single bond and
Ni=C double bond. Furthermore, the H(4)-H(5) distance (0.775 Å) is
slightly longer that for free H2 (0.743 Å), indicating that the H2
molecularly adsorbed on NiCH+.

The final step is the release of H2 molecule yielding nickel
methylidyne NiCH+ at cost of 50.1 kJ mol-1.

Among all species on the potential energy curve, NiCH3
+ has

the lowest energy. On the other hand, HNiCH2
+ does not appear to be

a very stable entity, and is easily hydrogenated to NiCH3
+. This is in

accordance with that obtained on Pd(111) surface by Paul et al.6
In general, our best estimate from the corrected calculations is

that the reaction:
Ni+ + CH3· → H2 + NiCH+

is endothermic by about 128.0 kJ mol-1.

Conclusion
The initial interaction between Ni+ and CH3· is the formation of

NiCH3
+ species with C3V symmetry. The second step is an oxidative

addition, yielding the insertion product HNiCH2
+. The third step is

the formation of molecular hydrogen complex of the nickel
methylidyne H2NiCH+. This step is predicted to be the rate-
determining step in the whole reaction process. The final step is the
release of hydrogen molecule yielding nickel methylidyne NiCH+.
Subsequently, the overall reaction of Ni+ + CH3· → H2 + NiCH+ is
endothermic by about 128.0 kJ mol-1.
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Introduction 

Applications of non-thermal plasma for gaseous pollution 
control or methanol synthesis have been carried out by several 
researchers [1,2]. In these plasma chemical reactions, OH radicals 
play a very important role for their strong oxidation capability. In 
understanding the mechanism of plasma chemical reactions, the 
behavior of the OH radical in both formation process and the 
subsequent chemical reaction process is required to be known. The 
measurement of OH radicals in discharge plasma, however, is very 
difficult, especially under the atmospheric condition. There are 
several methods such as LIF (Laser-induced fluorescence) or OES 
(Optical emission spectroscopy). These methods require rather 
complicated measurement system. 
    In the atmospheric chemistry, the CO oxidation monitoring 
method has been used to measure OH radicals concentration [3]. In 
this paper, the application of CO oxidation monitoring method to 
the OH radicals measurement in a pulsed discharge plasma in 
argon and H2O mixture at atmospheric pressure was examined. 

When a pulsed discharge plasma is generated in H2O/Ar, OH 
radicals are formed by the collisions of electrons or the excited Ar 
molecules with H2O. If CO was added to H2O/Ar, it will be rapidly 
oxidized by OH radicals as shown in reaction (1). According to this 
reaction, the concentration of OH radicals can be determined by 
the amount of produced CO2. 
 
CO + OH → CO2 + H    (1) 
 

In order to apply this method in the discharged plasma, it is 
necessary to consider both the dissociation of CO2 due to the next 
pulse discharge and the loss reactions of OH radicals. Under a 
condition where these influences can be ignored, the concentration 
of OH radicals can be determined as CO2 concentration. In this 
work, gas residence time and initial CO concentration necessary to 
ignore the dissociation of CO2 was studied with experiment and 
calculation. On the basis of this method, the concentration of OH 
radicals in the H2O/Ar plasma was measured to study the effect of 
H2O content, SIE on the formation of OH radicals. 
 
Experimental 

 The gas mixture of Ar (99.999%)and CO (99.95%) was 
adjusted using mass flow controllers (Estec Inc., SEC-410 and 
DS-3). The H2O concentration was controlled by evaporating a 
constant rate of H2O fed by a microfeeder. The gas temperature 
was controlled by a convection oven (SIBATA, SPF-600) and a 
ribbon heater. The gas-residence time was adjusted by changing 
the flow rate of gas. A square pulse high voltage (peak voltage 15- 
22kV, frequency 230- 240Hz) was used to form non-thermal 
pulsed discharge plasma. 

The reaction products were analyzed by FT-IR (BIO- RAD, 
FTS- 30) and found to be CO and CO2. A GC-FID (Shimazu, 
GC-8A) equipped with a methanizer (GL Sciences, MT-221) was 
used for quantitative measurement of CO and CO2. The voltage 
and current waveform were recorded with a digital oscilloscope 
(Tektronix, TDS-644A), a voltage divider (Tektronix, P6015) and 

a current probe (Tektronix, P6021). The discharge power was 
calculated with voltage and current waveform.  
 
Results and Discussion 
A.  Criteria of the method 
Dissociation of CO2 due to discharge. In the case of the pulsed 
discharge plasma, the dissociation of products is mainly caused 
when the products are exposed to the plasma. For the purpose of 
quantitative measurement of OH radicals, unless otherwise noted, 
experiments were carried out in a single pulse condition, to avoid 
the dissociation of products. The single pulsed discharge process 
was realized by adjusting the gas-residence time to the period of 
the applied voltage. Consequently, there will be no dissociation of 
CO2 caused by the next pulse. The time evolution of CO2 
production of the reaction of CO and OH was calculated. Fig. 1 
indicates that 130µs was necessary for the reaction to reach an 
equilibrium state when the OH concentration was 50ppm and the 
CO concentration was 1%. Because the FWHM (Full width at half- 
maximum) of the pulse current was 40ns, the reaction of CO and 
OH ran at the interval term of two successive pulsed discharges. 
The oxidation of CO by OH can be considered as a chemical 
reaction, and it is not affected from discharge in the single pulsed 
discharge.  
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Under extended gas residence time, however, both processes 

of CO2 formation and CO2 dissociation take place at the same time. 
In this sense, we should consider these both processes to estimate 
the produced CO2 concentration. Assuming that the production of 
CO2 per each single pulse is constant and the dissociation of CO2 is 
caused by reaction (2), then we can obtain the concentration of 
produced CO  after exposed to number of pulse as Eq. (3).  2
CO2 + e* → CO + O + e  (2) 
 
[CO2] n = [CO2] n-1 + [CO2] – k[CO2] n-1     (3) 
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Where 
[CO2]= CO2 production by a single pulse 
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[CO2] n-1= CO2 production by n-1 times of pulses 
k = The rate of the dissociation of CO2 by a single pulse 

discharge 
 
  Eq. (3) is transformed into Eq. (4). 
 
[CO2] n = [CO2]×k-1×[1-(1-k)n]  (4) 
 

It indicates that [CO2]n increases with the number of pulse (the 
residence time) nonlinearly. Fig.2 shows the experimental results 
of the gas residence time up to 1.6sec. CO2 production, [CO2] n, 
tends to increase linearly with the residence time up to 0.5sec, and 
then begin to saturate. The appearance of the linear increasing of 
CO2 indicates that, the influence of the dissociation of CO2 caused 
by succeeding discharges can be ignored when the residence time 
smaller than 0.5sec in this experimental condition. 
 
The influences of loss reactions of OH radicals. Differing from 
the chemistry of atmospheric space, concentration of OH radical in 
the discharge plasma is very high. In the conditions where the 
concentration of OH radical is high, the loss-reaction mainly due to 
recombination may take place. Reactions (5)-(10) are regarded 
main reactions in the discharge space where H2O exists. Reactions 
(5)-(8) are the loss-reactions of OH radicals. These reactions 
compete with the reaction (1), and affect the CO oxidation by OH 
radicals. OH radicals branching depends on the rate constants and 
initial concentrations of CO and OH. The variation of CO2 
production with the variation of the CO initial concentration was 
measured by the experiment. Calculation was also made using a 
simulation software (IBM, CKS version 1.0). 
 
OH + OH → H2O + O   (5) 
 
OH + OH → H2O2    (6) 
 
H + OH → H2O    (7) 
 
H + OH → O + H2    (8) 
 
H + H2O → H2 + OH    (9) 
 
H + H →H2    (10) 

Fig.3 The influence of OH loss reactions. (Calculation condition: 
reaction (1), (5) -(10) were used. [OH]0=[H]0=8.1 × 1014 

molecules/cm3, [CO]0=2.7×1014 molecules/cm3, [H2O]0=2.7×1014 

molecules/cm3, Experimental condition: Content of H2O=1%, 
Residence time=4.2ms, Discharge power=1.8W, T=50 degree) 

Fig.3 shows the results of the experiment and the 
simulation. In the experiment, the CO2 production was observed 
while the initial concentration of CO was varied from 800ppm to 
4%. When [CO]0 < 2000ppm, the CO2 production was increased 
with increasing [CO]0. When [CO]0 ≧  2000ppm, the CO2 
concentration became constant. This result indicated that the 
influence of the loss-reactions of OH radicals could be ignored 
when initial CO concentration is higher than 2000ppm. However, 
when CO concentration exceeded 1%, the CO2 concentration 

began to decrease because the peak discharge current decreased. 
   The result shows the similar tendency in the variation of the 

CO2 formation. It indicates that the influence of loss reactions 
much depends on the initial concentration of CO. 
 
B.  Influences of H2O content and discharge power on OH 
formation 
   Fig.4 shows the relation between the H2O content and the OH 
formation. It shows that production of OH radicals increased when 
the H2O content increased under the same SIE (Specific Input 
Energy: energy to unit volume of gas, kJ/m3). The production of 
OH radical increased with the SIE value when the H2O content was 
kept constant. These results agree with other measurements on 
spectroscopic analysis of OH formation in DBD (dielectric barrier 
discharges) of Ar/O2/H2O [4]. 
   In our experiment, under the conditions with the SIE value of 9 
kJ/m3 and H2O content of 1.5%, the maximum OH production 
30ppm (9.4×1014 cm-3) was obtained. The value is about the same 
as that observed in DBD [5]. In our experiment, the G value, which 
is defined as the number of OH produced per 100 eV, is 1.9. 
Penetrante calculated the G value for OH generation using 
DEGARD in the case of pure H2O, and obtained 1.42[1]. It should 
be noted that a comparable OH yield-value has been obtained in 
our experiment using the simple equipment. 

Fig.4 Influences of OH formation according to the variation of 
content of H2O and discharge power. (CO/Ar=1%,T=50 degree) 
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Introduction 

Methane, which is a major component of natural gas and one of 
the greenhouse gases, is so stable that high reaction temperature such 
as 1273 K or higher is required for its pyrolysis to ethylene or 
acetylene. Although high reaction temperature is favorable for high 
conversion, high reaction temperature promotes the consecutive 
decomposition of the products to carbon or complete combustion to 
CO2 in the oxidative activation of methane. The utilization of natural 
gas as a chemical resource is limited in producing hydrogen and 
synthesis gas by steam reforming process, which requires higher 
operating temperature than 1073 K in the presence of catalysts.  

Recently, methane conversion using non-equilibrium plasma 
technique has been studied at low temperature. For example, using 8 
kPPS (pulse per second) high-frequency pulsed plasma produced 
acetylene selectively with relatively high energy efficiency.1 A 
cogeneration of syngas and higher hydrocarbons can be achieved 
using a catalytic dielectric-barrier discharge (DBD).2 In this study, 
selective formation of C2 hydrocarbon and/or carbon monoxide was 
achieved using a periodic pulsed spark discharge3,4 with and without 
catalyst at room temperature. 
 
Experimental  

A schematic diagram of the experimental setup was almost the 
same as that reported previously.3 A flow type reaction apparatus 
composed of a Pyrex glass tube with 4.0 mm internal diameter was 
used as the reactor. All experiments were conducted under the 
conditions of ambient temperature and atmospheric pressure. 
Stainless steel electrodes of 1.0 mm diameter were inserted from each 
end of the reactor and fixed with a certain distance. In the catalytic 
reaction, a quartz tube with 6.0 mm internal diameter was used, and 
the gap distance was fixed at 10 mm. The catalyst bed was put 
between stainless meshes. 

The discharge was initiated by supplying a negative high voltage 
with a DC power generator (MATSUSADA Precision Inc. HAR-
30R10). Figure 1-a shows examples of the waveforms of discharge 
current and voltage measured by digital oscilloscope (LeCroy Japan 
Corp. 9314C, 400 MHz bandwidth) using a voltage probe (PMK-
20kV, 100 MHz, LeCroy) and current transformer (AP015, 50 MHz, 
LeCroy). The current width of one pulse was far shorter than 1 µs as 
shown in Fig. 1-b, and the peak value of the pulse current reached 
about 40 A. The reason why the current pulses did not have the same 
frequency as the voltage oscillations in Fig. 2-a was the low sampling 
rate of the oscilloscope. Owing to the short width of current, the 
pulsed spark discharge belongs to the non-equilibrium plasma. 

A catalyst of 1 wt% Pt/SiO2 was prepared by the incipient 
wetness method using [Pt(C5H7O2)2] and CARiACT Q-15 SiO2 (10-
20 mesh, Fuji Silysia Chemical Ltd.), and Ni0.1Mg0.9O solid solution 
catalyst was prepared by the same method as Tomishige et al..5 

All products were analyzed with two gas chromatographs of 
FID-GC-14A and TCD-GC-8A. 

The conversions of the reactants were defined as follows. 
Reactant conversion (%) = (moles of reactant consumed) / (moles of 
reactant introduced) ∗ 100 

The selectivities were defined as follows. 
Product selectivity (%) = (carbon based moles of product dericed 
from methane) / (moles of CH4 consumed) ∗ 100 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 1. Typical waveform of pulsed spark discharge. 
 
Results and Discussion 

Selective Formation of C2 hydrocarbon.  Investigations of the 
activation of methane with the non-equilibrium pulsed spark 
discharge were made under the condition of feeding pure methane at 
the flow rate of 10 cm3min-1 while increasing the pulse frequency. As 
shown in Fig. 2, methane was activated to form acetylene with a 
selectivity of more than 90% in the absence of a catalyst. Hydrogen 
was abstracted from methane directly by the collision between 
electrons and methane molecules. Even when methane conversion 
increased up to 52%, acetylene selectivity was very stable at about 
95%, while the other C2 products were ethane and ethylene 
(selectivity of ~ 4%). Other higher hydrocarbons such as prop-1-yne 
(C3H4) and buta-1,3-diyne (C4H2) were produced with a selectivity of 
less than 1%. These results are quite different from those of simple 
gas-phase reactions. 

 
 
 
 
 
 
 
 
 
 
 
 

Figure 2. Effect of pulse frequency under the conditions of 10 
cm3min-1 total flow rate, CH4 100%, room temperature, 0.1 MPa, 1.5 
mm gap distance. 

 
To investigate the catalytic spark discharge reaction, 1 wt% 

Pt/SiO2 was inserted between the electrodes. The height of catalyst 
bed from the downstream electrode was varied from 0 to 10 mm. The 
results are shown in Fig. 3. The height of 0 mm means non-catalytic 
reaction, and the discharge region was filled with the catalyst at 10 
mm height (0.1 g-Cat.). Pt/SiO2 was used without pretreatment like 
reduction by H2. To prevent the carbon deposition, CH4 was diluted 
with 80% H2. 

As compared with results in Fig. 2, to lengthen the gap distance 
and to dilute CH4 with H2 did not affect the selectivity so much. The 
selectivity to C2H2 in Fig. 3 was 87% in non-catalytic reaction. On 
the other hand, the use of Pt/SiO2 had a great influence on the 
product composition, and the selectivity to C2H6 increased drastically, 
while the conversion decreased. Under the condition of CH4/H2=8/32 
cm3min-1, CH4 conversion was 46% in non-catalytic reaction, which 
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decreased to 14.5% when the discharge region was filled with SiO2 
(void fraction: 65%). When the discharge region was filled with 
Pt/SiO2, C2H6 was produced with the selectivity of 94% and the 
conversion of 10.5%. CH4 conversion increased to 33% by 
decreasing the amount of the catalyst (2.5 mm height), and 25% yield 
of C2H6 was obtained.  

Under the condition of CH4/H2=2/8 cm3min-1, the decrease in 
the conversion by the insertion of catalyst was not so large compared 
with that under condition of higher flow rate. Although CH4 
conversion at 5 mm and 2.5 mm height were almost the same at 51%, 
the selectivity to C2H4 slightly increased to 15%.  The highest C2H6 
yield of 49% was obtained at 5 mm height of catalyst, much higher 
than 30% that is the upper limit in the conventional thermal 
chemistry. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 3. Effect of 1 wt% Pt/SiO2 under the conditions of room 
temperature, 0.1 MPa, 10 mm gap distance, 100 Hz frequency. a): 
SiO2 without Pt. 
 
Selective Formation of Synthesis Gas by CO2 Reforming or 
Partial Oxidation of CH4. Fig. 4 shows the effect of CO2 content in 
the feed gas on the conversion, the selectivity and H2/CO ratio. In the 
presence of CO2, carbon deposition on the electrodes and the wall of 
the reactor was not observed. With increasing CO2 content, CH4 
conversion rose and reached 76 % at CH4/CO2=1/4 while CO2 
conversion remained almost stable with ca. 40 %. The selectivity 
strongly depended on the feed gas composition. With the increase of 
CO2 content, C2 selectivity decreased sharply while CO selectivity 
increased drastically. Under the condition of high CH4 concentration, 
the formation of C2H2 was predominant, whereas under the condition 
of high CO2 concentration, CO became the main product. The feed 
gas composition also had a great influence on H2/CO molar ratio, 
which was in inverse proportion to CO2 content. Synthesis gas with 
H2/CO ratio of 2 was obtained at 40 % CO2 content, which is suitable 
for the catalytic methanol synthesis. 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 4. Effect of CO2 concentration under the conditions of 10 
cm3min-1 total flow rate, room temperature, 0.1 MPa, 1.5 mm gap 
distance. 

The use of pretreated NiNgO solid solution catalyst increased 
CO selectivity to 85% at CH4/CO2=1, while no remarkable effect was 
observed by using without pretreated one as shown in Table 1. The 
content of C2H4 in C2 hydrocarbons was 78% with pretreated 
NiMgO, and that of C2H2 was 77% with non- pretreated one. NiMgO 
and discharge combined system promoted CO2 reforming of CH4 at 
room temperature without dilution. 
 
Table 1. Effect of Ni0.1Mg0.9O with and without Pretreatment* 
Catalyst Frequency Conv.(%) Sel.(%) H2/CO 
 / Hz CH4 CO2 C2 CO ratio 
non 50 62.8 50.0 44.1 55.9 1.1 
NiMgOa) 200 29.6 23.9 37.0 63.0 1.1 
NiMgOb) 91 29.5 26.2 15.5 84.5 1.0 
* Reaction conditions: CH4/CO2=10/10 cm3min-1, room temperature, 
0.1 MPa, 10 mm gap distance. a): without pretreatment, b): pretreated 
by H2 reduction at 1123 K. 

 
The partial oxidation of CH4 was examined by varying the 

partial pressure of O2 as shown in Fig. 5. CH4 conversion increased 
from 24% to 76% in proportion to an increase in the partial pressure 
of O2. CO selectivity increased from 0% to 79% while C2 
compounds selectivity decreased from 99% to 7% with an increase in 
the O2 content from 0% to 50%. The content of C2H2 in C2 
compounds, however, decreased slightly from 98% (CH4/O2=10) to 
68% (CH4/O2=1). And CO2 selectivity increased slightly by the 
consecutive oxidation of product. The pulsed spark discharge 
reaction of CH4 in the presence of O2 produced CO and C2H2 at room 
temperature while suppressing carbon deposition and CO2 formation. 

 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 5. Effect of partial pressure of O2 under the conditions of 50 
cm3min-1 total flow rate, 50% CH4 concentration, balance gas of Ar, 
45 Hz frequency, room temperature, 0.1 MPa, 10 mm gap distance. 
 
Conclusion 

The use of non-equilibrium pulsed spark discharge could 
activate CH4 at room temperature. The selective formation of C2H2 
with high conversion was achieved, and 49% yield of C2H6 was 
obtained in Pt/SiO2 and discharge combined system. This method 
could be applied to the formation of synthesis gas, and has a 
possibility to be applied to the utilization of not only natural gas but 
also biogas, which is composed of CH4 and CO2. 
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Introduction 

Plasmas, including thermal and non-thermal plasmas, have been 
extensively investigated for methane conversion. The thermal plasma 
normally was used for the production of acetylene or carbon black 
from methane, with hydrogen as a by-product. There have been much 
more investigations on methane conversion using non-thermal plasmas 
recently. An important characteristic of non-thermal plasma is its high 
electron temperature (as high as 105 K) while the bulk gas 
temperature remains as low as room temperature. This characteristic 
makes it suitable for chemical synthesis of higher hydrocarbons and 
oxygenates. Most of products produced using corona, microwave, 
and radio frequency discharge are some little molecules, like ethylene, 
acetylene, hydrogen and carbon monoxide. Under the condition of 
dielectric-barrier discharge, product could be more complex for its 
large volume of discharges. Light hydrocarbons, liquid fuels, alcohols 
and acids can be produced. Furthermore, some operation parameters 
in dielectric-barrier discharges can be easily changed including 
dielectric material, length and distance of discharge gap and electrode 
configuration. The distribution of products will be different with the 
different parameters in dielectric-barrier discharges. Due to the poor 
understanding of plasma chemistry, the present status of plasma 
methane conversion is still in the laboratory test. More intensive 
fundamental investigations are required, esp., at the time when the 
direct catalytic methane conversion still remains as a challenge to the 
scientists all over the world. 

On the other hand, the combination of utilizations of methane 
and carbon dioxide is very promising, even with the plasma methane 
conversion. As a co-reactant for methane conversion, CO2 is a soft 
oxidant and can provide extra carbon atom for the conversion. 
Oxygenates can be generated including methanol, formic acid and 
others upon the operative conditions applied.[1-3] The metal 
electrode material has also an effect on the product distribution from 
methane and carbon dioxide.[4] The previous investigation focused on 
the formation of higher hydrocarbons (including liquid fuels) using the 
high voltage electrode covered by the dielectric material.[5] In this 
work, we investigated the synthesis of oxygenates directly from CH4 
and CO2 under the conditions of dielectric-barrier discharges with the 
grounded electrode covered dielectric material layer. This means the 
high voltage electrode will expose directly to plasma phase. A big 
difference induced by this change in the electrode configuration is that 
only oxygenates are produced in the liquid products (no liquid 
hydrocarbons) in the present reactor design.   

 
Experimental 

The schematic configuration of the discharge reactor used in this 
investigation is shown in Figure 1. A quartz tube with the inner 
diameter of 14 mm served as the dielectric barrier. A transparent 
conductive (silver) film deposited on the quartz tube was used as the 
grounded electrode. The high voltage tubular electrode with the outer 

diameter of 12 mm was made of aluminum foil and located in the 
center of quartz tube. The discharge zone was formed within a gap of 
1 mm between the aluminum electrode and the quartz tube with the 
length of 200 mm. The feed gases passed through the gap and were 
converted within the discharge zone. The reaction was terminated at 
the end of discharge region. The high voltage generator supplied 
about 10 kV sinusoidal signals at frequency of 25 kHz to the 
discharge reactor. The voltage and current were measured with a high 
voltage probe (Tektronix P6015 A) and a pulse current transformer 
(Pearson Electronics 411) via a digital oscilloscope (Tektronix 2440). 
The discharge power was measured via a digital multimeter (Keithley 
2000). The discharge power was fixed at 100 W in this investigation.  

 

Figure 1. Schematic configuration of DBD reactor 
(1-HV electrode; 2-Quartz  tube; 3-Grounded electrode) 

 
The reactants, methane and carbon dioxide, were introduced 

into the reactor via mass flow controllers. The total flow rates were 
fixed at 60 ml/min with the retention time of about 12 second. The 
feed and products were analyzed with a GC (HP 5890) equipped with 
a thermal conductivity detector (TCD) and a flame ionization detector 
(FID) via a HP-PLOT Q (30 m × 0.53 mm × 40 P��FROXPQ��$�PDVV�
selective detector (HP 5971) was used to identify the products. Liquid 
products were collected in a cold trap cooled with a mixture of ice 
and water. All the investigations were carried out at ambient 
conditions.   

 
Results 

Conversions of Methane and Carbon Dioxide. The 
conversions of CH4 and CO2 are shown in Figure 2. Conversion of 
carbon dioxide nearly proportionally increased with increasing of 
methane concentration in the feed. Methane conversion increased with 
the increasing of carbon dioxide conversion while methane 
concentration was less than 60 v% in the feed. However, the 
conversion of methane reached a saturated value when methane was 
more than 60 v% in the feed. The trend of the change of methane 
conversion is different from that reported previously.[5] It suggested 
that the conversion of methane is strongly affected by the conversion 
of carbon dioxide in this case, especially when carbon dioxide was the 
principal component in the feed.   

 

Figure 2. Effect of composition of feed on conversions   
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(Discharge power of 100 W; Flow rate of 60 ml/min) 

Analysis of Gaseous Products. Gaseous products contain 
hydrocarbons (from C2 to C5) and CO. The selectivities of gaseous 
products are shown in Table 1. The selectivities of hydrocarbons were 
sharply decreased  with the increasing carbon atom numbers in 

Table 1. Selectivities of gaseous products 
(Discharge power of 100 W; Flow rate of 60 ml/min) 

34.0 50.6 66.8 75.1 83.1 CH4 in the feed 
 v% Selectivity based on carbon atoms /% 

Ethene 0.4 0.5 0.6 0.8 1.1 

Acetylene 0.5 0.8 0.9 1.1 1.3 

Ethane 11.1 11.5 11.7 12.4 14.2 

Propene 0.2 0.3 0.5 0.5 0.7 

Propane 5.0 6.1 6.9 6.8 8.6 

Isobutane 1.2 1.8 2.2 2.1 2.8 

Butane 1.4 2.0 2.4 2.3 3.1 

Neopentane 0.7 0.9 1.0 1.0 1.1 

Isopentane 0.1 0.4 0.5 1.9 2.6 
Pentane 0.2 0.3 0.4 0.8 1.1 

CO 64.9 49.0 32.2 22.6 17.3 

 

the molecules. The selectivities of unsaturated hydrocarbons were 
much less than those of paraffins. It was considered that the formation 
of  C2 hydrocarbons from plasma methane conversion using dielectric-
barrier discharges consists of the following three sequential steps [6]: 

CH4 �&2H6 �&2H4 �&2H2  (1) 
As shown in Table 1, CO selectivity decreased with the 

increasing methane concentration in the feed. And there existed a 
nearly linear relationship between selectivity of CO and CH4 
concentration in the feed.  

 
Distribution of Components of Liquid Products. Oxygenates, 

including methanol, ethanol, acetic acid and other alcohols and acids 
containing more than two carbon atoms, were the major products in 
the condensate as shown in Table 2. Acetic acid was the primary 
product in the condensate with the highest selectivity of 5.2% at 66.8 

v% of methane in the feed. There existed an optimum component of 
feed for the selectivities of ethanol, 1-propanol and acids, respectively.   

 
Table 2. Selectivities of liquid products 

(Discharge power of 100 W; Flow rate of 60 ml/min) 

34.0 50.6 66.8 75.1 83.1 
CH4 in the feed v% 

Selectivity based on carbon atoms/% 

Methanol 1.1 1.0 0.3 0.3 0.1 

Ethanol 2.6 4.9 1.8 1.7 0.8 

Isopropyl alcohol 0.2 0.2 0.2 0.2 0.1 

1-Propanol 0.2 0.3 0.1 0.1 0.1 

Acetic acid 2.8 4.6 5.2 4.8 2.4 

Propanoic acid 0.8 1.3 1.0 0.9 0.5 

Isobutanoic acid 0.1 0.2 0.1 0.1 0.1 

Butanoic acid 0.2 0.2 0.2 0.1 0.1 
 
Conclusions 

Direct synthesis of oxygenates, including acetic acid, propanoic 
acid, methanol and ethanol, from methane in the presence of carbon 
dioxide was conducted under the condition of dielectric-barrier 
discharges in this work. The present reactor design suggests the 
surface status of electrodes played an important role in the formation 
of oxygenates. The selectivities of acetic acid, propanoic acid, 
methanol and ethanol were 5.2%, 1.0%, 0.3% and 1.8%, respectively, 
with the conversions of methane and carbon dioxide of 64.3% and 
43.1%, respectively, while methane of 66.8v% in the feed. From the 
obtained results, CO, gaseous and solid hydrocarbons are still the 
major product. To get a higher yield of oxygenates, it is better to 
remove the oxygenate product as soon as it is produced. Further 
investigation is being performed to achieve a better production of 
oxygenates directly from methane and carbon dioxide using plasmas 
(with special catalyst and typical reactor design). 
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Introduction 
Methane Mono-Oxygenase (MMO) and Deoxyhemerythrin are 
examples of diiron enzymes that catalyze the dissociative and non-
dissociative binding of molecular oxygen [1-5]. Dissociative binding 
of oxygen via a peroxo intermediate to a diamond core structure 
leads to a reactive species active in the oxidation of alkanes [1-2]. 
Non-dissociative binding of oxygen via a side-on peroxo 
intermediate such as in the active site of deoxyhemerythrin does not 
allow the splitting and allows binding/release of oxygen as a function 
of the physiological conditions. Such active sites are among the 
growing list related to (hydr)oxo-bridged di- or poly-iron cores in 
biological systems. Methane mono-oxygenase has a binuclear active 
site in which two histidines and four glutarates are present. Both iron 
ions are coordinated by a histidine, an oxygen from a bridging 
carboxylate and a µ-oxo bridge [1]. Theoretical modeling of these 
enzyme active sites has been recently reported. Yoshizawa et al. 
studied the dioxygen cleavage and methane activation on diiron 
enzyme models with the extended Hückel method, an approximate 
molecular orbital method, the µ-η1:η1-O2

  or µ-η2:η2-O2 binding 
modes are distorted to the corresponding dioxygen complex 
[4].Shestakov and Shilov showed that the synchronous insertion of O 
atom mechanism is found to be significantly less contradictory (for 
example in methane) if it is supplemented by the stage of formation 
of the five-coordinate carbon intermediate complex of a hydrocarbon 
molecule via oxygen atom of an active center[5].   
 

 
Figure 1.  [Fe2(HPTP)(OH)(NO3)2] in montmorillonite clays. 
 
Methane can be converted into methanol with binuclear iron(IV)-
model complexes 
To mimic the MMO active site with a finite cluster we chose to study 
the binuclear heptapodate coordinated iron (III)-complexes of  
N,N,N’,N’-tetrakis(2-benzimidazolylmethyl)-2-hydroxy- 1,3-diamino 
-propane (HPTB) and N,N,N’,N’,-Tetrakis(2-pyridylmethyl)-2-
hydroxy-1,3-diamino-propane (HPTP). These have active sites of the 
form [Fe2(HPTP)(µ-OH)]4+ (1) and [Fe2(HPTB)(µ-OH)]4+ (2). As 
supports for such complexes we use mesoporous materials such as 

MCM-41, FSM-16, HMS (Hexagonal Molecular Sieve) [7-8] and 
clays (Fig 1) [9] since these materials have large surface areas and 
large pore sizes that can be tuned from 1.5 to 10 nm. We 
characterized these complexes using Quantum Mechanics (QM) and 
EXAFS, Mössbauer and Catalysis and studied the effect of the 
support.  

The QM was at the ab initio and DFT (B3LYP) levels [3]. All 
chelating N-atoms and the ligand backbone were included in the QM 
determination of the geometry and electronic properties of the 
ground and excited states of the active site. The geometries of the 
supported complexes were determined with MD using the Universal 
FF (UFF) [6] supplemented with a FF based on the quantum 
mechanics. For the O2 binding on the reduced active site the µ-η1:η1-
O2

  mode seems to preceed formation of the O=Fe-O-Fe=O bis-ferryl 
active site that reacts exothermally with methane by 50.56 kcal/mol. 
After the H splitting from methane, the methyl recombines with the 
FeO center via a weak Fe-OCH3 bond in this model. The consecutive 
reaction with water protonates the methoxy group to form methanol 
and the substitution at the active site by a hydroxo group is 
endothermic by 7.50 kcal/mol. The regeneration of the active site 
with H2O2 is again endothermic by 3.24 kcal/mol. After the loss of 
methanol Fe(III)- O- Fe(III) is formed which is reduced to the Fe(II,II) 
form. Ferryl groups are reactive two center three electron bonds. The 
solvation calculations are very important to obtain good quantitative 
data. Siegbahn et al. [1] uses gas-phase values as the dielectric 
constant of an enzyme is low (ε = 4) compared to this of water (ε = 
80). For the solvation of small model compounds in water such 
effects are not negligable. The solvation energies are about 150, 300 
and 500 kcal/mol for the 2+, 3+ and 4+ complexes.  

Mössbauer spectroscopy allows the oxidation and spin states of the 
iron atoms to be assessed. Thus the isomer shifts relative to metallic 
iron at 300 K in the range 0.35-0.60 mm/s are characteristic of 5- or 
6-coordinate high-spin di-ferric µ-OH complexes, the smaller 
quadrupolar splitting < 1 mm/s, in the hydroxo-bridged complexes is 
due to the lengthening of the Fe-O bond upon protonation of the oxo 
bridge.  The Mössbauer pattern of the supported complexes becomes 
more complex due to complex lattice interactions. The EXAFS 
shows lengthening of the Fe-Fe distances for benzimidazole 
compared to pyridine containing complexes. When the complexes are 
supported on mesoporous oxides, the EXAFS finds a lengthening of 
the Fe-Fe distances. The EXAFS data on the model compounds gives 
longer Fe-Fe distances than the QM. This may be due to neglecting 
in the QM the large counterbalancing anions associated with the 
structure of [Fe2(HPTP)(µ-OH)(NO3)2](ClO4)2 and [Fe2(HPTB)(µ-
OH)(NO3)2](ClO4)2. 

Methane can be converted into methanol with α-Oxygen on iron 
in ZSM5 type zeolites 
α-Oxygen can be formed on such iron sites by nitrous oxide N2O 
decomposition at elevated temperature. Nitrous oxides are formed in 
the industrial synthesis of adipic acid. In nitrous oxide decomposition 
several routes exist depending on pressure and temperature. In order 
to study the pretreatment, activation, reaction and extraction effects 
the Fe containing topologies such as CHA, MFI, MOR and CFI [10] 
are tested in the methane to methanol conversion. Pretreatment 
performed with O2 at 550°C and vacuum at 800°C to 900°C is 
optimal. Activation with N2O at 250°C is optimal and reaction with 
CH4 occurs from 20°C, extraction is best with H2O and quantification 
of methanol is performed by GC, GC-MS and NMR. 
Structure/activity effects rquire the notion of new structural 
parameters related to the introduction of iron in zeolite topologies 
such as CHA, MFI, MOR and CFI [10-11], performed via direct 
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Introduction 
      Carbon tetrafluoride is an inert gas that is also a greenhouse gas 
with a very high global warming potential. It is a by-product in the 
aluminum production and used in the semiconductor industry. The 
exceptionally long atmospheric lifetime of carbon tetrafluoride 
makes it imperative to find solutions to destroy this potent 
greenhouse gas.  Figure 2.  Photograph of the reaction setup 
So far mostly catalytic and plasma discharge methods have been used 
to decompose CF4.1-3 Grytsinin et al. showed effective decomposition 
using a slipping surface discharge.1 Whereas Takita et al. used 
AlPO4-rare earth phosphate catalysts to decompose CF4 at 
conversions of about 50 %.2 Several papers like Jacobsohn et al. 
describe the decomposition as a means to deposit fluorinated 
amorphous-carbon films.3 

 
Results and Discussion 

Initial studies using discharge plasmas yielded only low 
conversions (up to 12 %). Additionally, MS studies suggest that CF4 
alone or CF4 and water are the most suited systems. Studies using 
microwave heating exhibited promising results under similar 
conditions and were therefore pursued. 

In this research, we studied the effective decomposition of carbon 
tetrafluoride using microwave heating at medium power (0-1200 W) 
using water as a supplement and activated carbon as a catalyst. The 
experiments were carried out using an ASTEK microwave unit. 

       The reactions were carried out with the setup presented before at 
a constant flow rate of 15 mL/min. Several catalysts were tested in 
this line of experiments. The catalysts tested were several different 
kinds of activated carbon, Ni filament type catalyst, V2O5 Supported 
on Al2O3, and a zeolite/active carbon mixture.  

Experimental Of these catalysts, only the activated carbon exhibited any 
change in the CF4 concentration in these experiments.  It was 
furthermore observed that no reaction takes place without the 
presence of water vapor.  

A simple setup was used as shown in Fig. 1. The feed is a 
mixture of carbon tetrafluoride, water (introduced by a bubbler), and 
nitrogen. The content of the feed gas is 4 % CF4, 3 % water and 
balance nitrogen at a flow a rate of 15 mL/min. The active carbon 
(100 mg) was placed in a quartz tube and secured with quartz wool. 
This tube was then placed into the ASTEK microwave cavity (Fig 
2.).  The reaction mixture was continuously monitored with a MKS-
UTI PPT quadrupole residual gas analyzer mass spectrometer with a 
Faraday cup detector and a variable high-pressure sampling 
manifold. The system was equilibrated at the beginning and then the 
power was turned on to the desired level and continued until an 
equilibrium value was achieved. The catalysts used were either 
prepared in our research group or used as obtained from commercial 
vendors. 

In the case of activated carbon, several kinds of activated carbon 
were used, but the results presented here are the ones for a 
commercial brand available from Sigma-Aldrich. A typical 
decomposition versus time plot is shown in Fig. 3 as obtained with 
the mass spectrometer. 
         
 
 
 
Figure 3. Plot of CF4 decomposition versus time, top plot  is the CF4  plot, 
bottom plot  is the CO2 plot, power was turned on to 480 W (arrow= time of 
power on)      

 

0 .00E+00

2 .00E-08

4 .00E-08

6 .00E-08

8 .00E-08

1 .00E-07

1 .20E-07

1 .40E-07

1 .60E-07

1 .80E-07

2 .00E-07

Time  ( min)

Mass 44  Intens ity

Mass 69  Intens ity

CF4N2

bubbler

ASTEXMW heating
0-1200 W

Syringe

GCMS

 

 
 
 
 
 Figure 1.  Schematic of the experimental setup for CF4 decomposition.  
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(3) Jacobsohn, L.G.; Franceschini, D.F.; Maia da Costa, M.E.H.; Freire Jr. 
F.L. J. Vac. Sci. Technol. A 18(5), Sept/Oct 2000, 2230-2238. 
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Figure 4.  Plot of Conversion of CF4 versus Power in Watts 
 
    The conversion was studied was a function of power. As shown in 
Fig. 4., the maximum conversion is achieved at medium power levels 
of 300-400 W (whole range 0-1200 W). The maximum conversion 
observed is 95 % measured as the disappearance of the CF4 in the 
MS plot.   As seen in the time versus conversion plot, the activated 
carbon deactivates rather quickly. 
 
           
        Furthermore, the reaction produces significant amounts of 
hydrogen, about 100,000 ppm. The extent of the reaction can also be 
seen on how the reaction tube looks after the reaction. The higher the 
extent of the reaction is, the more “decomposed” is the reaction tube 
due to the r\glow and HF production. The surface area of the 
activated carbon was determined to 653 m2/g. It consists of meso- 
and micropores. The surface area below 20 Angstrom is 349 m2/g, 
and between 20 and 200 Angstrom, it is 280 m2/g.  
         The role of the water in this reaction is twofold. It is the 
primary energy absorber for the microwave radiation, but also it is 
the hydrogen and oxygen source needed in this reaction. It is 
believed that the carbon tetrafluoride reacts with the water under the 
use of the supplied microwave energy to yield hydrogen fluoride and 
carbon dioxide (The formed hydrogen fluoride is absorbed by a 
scrubber before it enters the mass spectrometer.). The reaction 
mechanism is believed to include the attack of hydrogen radicals on 
the CF4 molecule; this is indicated by the formation of hydrogen in 
the reaction. Furthermore, the catalyst deactivation is thought to be 
due to the formation of hydrogen fluoride.  
       
Conclusions 

The destruction of carbon tertrafluoride by microwave heating 
represents an efficient and easy means to get rid of this greenhouse 
gas. Carbon tetrafluoride is almost completely decomposed. The 
main products are hydrogen fluoride, carbon dioxide and hydrogen. 
The activated carbon catalyst deactivates after a short period of time. 
The deactivation time has to be prolonged. Furthermore it was found 
out that water is essential in these reaction and a reaction scheme was 
proposed. 
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synthesis and post-synthetic modification. When iron concentrations 
are kept low framework iron is seen (Fig 2).  

 
Figure 2. X-Ray Diffraction patterns of FeCIT-5, FeMOR, FeZSM-5 and 
FeCHA. 
 
Extra-framework iron oxides are occluded after calcination of 
framework iron zeolites with high iron loading or physical mixtures 
of aluminum containing zeolites with iron salts or sublimation of iron 
by mixing zeolites with Fe(acac)2 followed by an oxygen calcination 
procedure. The recent structure of CIT-5 is composed of 1D, extra-
large pores of nearly circular cross section (center of O to center of O 
distance 9.91Å x 9.87Å) circumscribed by 14 T-atoms. The 
asymmetric unit contains 10 T-atoms and 19 oxygen atoms resulting 
in a unit cell content of [Si32O64], a framework density of 18.3 T-
atoms/1000 Å3 and a density of 1.821 g/cm3. The topology consists 
of zigzag ladders of 4-rings with pendant 5-rings interconnected 
through single zigzag chains. For CIT-5 (CFI) all structural 
parameters are within reasonable ranges for silicate materials ( d(Si-
O) 1.591 Å with a range of 1.555-1.641 Å,  a Si-O-Si angle of 149.4° 
with  a range of 168.7°-140.6°, and an O-Si-O angle of 109.4° with a 
range of 113.8° - 104.2°. These values are appended to the molecular 
mechanics Universal Force Field (UFF) [3]. The UFF functional 
forms, parameters, and generating formulas for the full periodic table  
 
Table 1.  Partial oxidation of methane with α-Fe sites in ZSM-5 and 
other Zeolites. 

Zeolite 
%w
t Fe 
in 

Oxidation 
µmol 
Fe  in 

sample 

µmol. 
MeOH 

(oxygenate) 
Fe-ZSM-5 
Si/Al 11 0.5% 5 Torr N2O/ 250°C 75 - 

Fe-ZSM-5 
Si/Al 11 2.0% 5 Torr N2O/ 250°C 360 97 

Fe-ZSM-5 
Si/Al 11 5.0% 5 Torr N2O/ 250°C 800 163 

Fe-ZSM-5 
Si/Al 11 5.0% 10Torr N2O/250°C 800 208 

Fe-CHA 
(0.1 µm) 5.0% 5 Torr N2O/ 250°C 800 10 

Fe-MOR 
(1-3 µm) 5.0% 5 Torr N2O/ 250°C 800 10 (33) 

Fe-CIT-5 
(3-7 µm) 5.0% 5 Torr N2O/ 250°C 800 4 (39) 

 

 
are used to model these structures. XRD, EXAFS, Mossbauer, DRS, 
magnetic measurements and EPR can resolve and attribute presence 
of lattice iron and extra-framework clusters. XRD for as made and 
calcined materials with iron in the lattice reveals α-Fe2O3 particles 
are absent ( no α-Fe2O3 reflection, d104 = 2.70 Å). From EXAFS 
structural parameters obtained in the k3 weighted optimization give 
1.7, 2.7 and 3.4Å distances for Fe(III)-oxygen, Fe(III)- Fe(III) and Fe(III)-
Si bonds. In the EPR spectra the ratio of octahedral/tetrahedral iron 
can be assumed from the presence of lines at g= 2/4.3, and depends 
on sample hydration. In mononuclear iron complexes the Fe-O bond 
distances of 1.86 Å (2+, Oh) 6 coordinated and 1.90 Å (3+, Td) 4 
coordinated. For tetrahedral iron and silicon atoms bond distances of 
1.65 for Si-O and 1.90 Å for Fe-O obtained from QM seen in the 
direction of the Fe-O-Si bridge, with Fe-O-Si angles close to the 
131.2° and to a O-Fe-O angles of 109.47°. 
 
CONCLUSION. 
The reaction of the MMO binuclear heptapodate coordinated iron (III)-
complexes of N,N,N’,N’-tetrakis(iminomethyl)-2-hydroxy-1,3-diamino-
propane model with methane is exothermic The σ- and π-bonds of the ferryl 
Fe=O in the plane of the Fe-O-Fe bridge, have the properties of a two atom 
three electron bond. After the H splitting from methane, the methyl 
recombines with the FeO center via a weak Fe-OCH3 bond in this model.  

Methane can also be converted into methanol with α -Oxygen at room 
temperature using N2O as a selective oxidant inside the pores of various 
zeolites. Extraction of the catalysts with water is preferred over acetonitrile-
water mixtures. The dinuclear iron oxide clusters realize the sub-
stoichiometric (based on a diiron sites) oxidation of methane after N2O 
activation, the small dinuclear Fe sites favor oxygen insertion chemistry over 
coupling chemistry. 
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Introduction 

Plasma can create polymer films or diamond like carbon film from 
monomers (e.g. methane) that do not form polymers by conventional 
chemical technologies [1,2]. Such plasma-polymerized films exhibit 
excellent properties and have a great potential as electronic, optical 
and biomedical materials.  There is an increasing interest at plasma 
polymerization of methane. DC glow, low frequency (50 or 60 Hz), 
radio frequency (13.56 MHz) or microwave (2.45 GHz) radiation 
usually induces plasma for such plasma polymerization. Mostly, a 
vacuum or low-pressure condition is required. Recently, we have 
achieved a fabrication of diamond like carbon film from methane and 
carbon dioxide or methane and carbon monoxide feed using dielectric-
barrier discharge at atmospheric pressure. We have also observed a 
remarkable enhancement of production of diamond like carbon film if 
methane and carbon monoxide were used as co-feeds under the 
condition of dielectric-barrier discharges. 
 
Experimental 

The experimental setup has been shown in Figure 1 and has been 
discussed in detail elsewhere [3-5].    
 

                                                        
                                                                  
                                                             grounded electrode            
                                                                   
      AC                                                             CH4 + CO or CO2  
                                                                   dielectric surface     

high voltage generator                                    center line            
                                                   

DBD Plasma Active Region                    
                                                                  
  DBD plasmas                                      

                            
Figure 1. Schematic diagram of the DBD plasma polymerization 

reactor 
 

Discharge zone lies between a dielectric-barrier made of quartz 
and a stainless steel tube serving as grounded electrode with a length 
of 250 mm and a gap width of 1.1 mm. An aluminum foil is connected 
with a high voltage generator, which output a sinuous signal at a 
frequency of 25 kHz. Methane and carbon monoxide or carbon 
dioxide were introduced into the discharge gap (between the 
grounded electrode and the quartz surface) both at 20 ml/min via two 
mass flow controllers. The voltage and current were measured with an 
on-line oscilloscope (Tektronix 2440) connecting a high voltage probe 
(Tektronix P6015 A) and a pulse current transformer (Pearson 
Electronics 411). The discharge power was read out with a multimeter 

(Keithley 2000). The discharge power in this work was fixed at 100 W. 
The temperature of reaction was adjusted at about 338 K with circling 
oil. The experiments were operated at atmospheric pressure. The feed 
gases and gaseous products were analyzed with an on-line gas 
chromatograph (HP 5890 with TCD and FID) and mass selective 
detector (HP 5971). The plasma-polymerized film was formed first on 
the surface of the dielectric tube (quartz) close to the exit of plasma 
active region. Such formed film continues to grow up the dielectric 
tube with reactions. After reaction, a piece of quartz tube with 
plasma-polymerized film was cut as a sample for IR characteristics. 
The morphology of solid products on the quartz tube was analyzed 
using a scanning electron microscopy (SEM, PHILIPS XL-30). A FT-
IR (VECTOR 22, Bruker Instrument Ltd.) was also used to 
characterize the functional groups of the plasma-polymerized film.  
The surface analysis of the chemical structure was performed by 
ESCA, also known as XPS with a Perkin Elmer PHI1600 system. The 
angle-resolved ESCA analysis was conducted using a monochromated 
Mg Kα radiation at 250 w, by assuming a binding energy (BE) of 
adventitious carbon equal to 284.6 eV. 

As discussed above, the reaction for the fabrication of carbon 
film occurs on the surface of dielectric material (quartz). A hard and 
dense uniform film has been observed after the reaction. It has been 
also observed that the hard carbon film was just formed within the 
discharge region. The formation of such carbon film was terminated 
right away out of the discharge region. It suggests that the gas 
discharge is a basic for the fabrication of carbon film. The hardness of 
the produced carbon film is 53.5 kgf/mm2 (or 5.35×108 Pa) detected 
using a HVA-10A Vickers Hardness Measurement Instrument.   

 
Results and Discussion 

We have reported a production of plasma polymerized carbon 
film from methane and carbon dioxide using dielectric-barrier 
discharges [5]. The selectivity of such produced carbon film is from 
30 to 40% upon the feed ratio of CH4/CO2. In this work, we feed 
carbon monoxide, instead of carbon dioxide, for the fabrication of 
plasma polymerized carbon film from methane. The selectivity of the 
carbon film was significantly increased. Table 1 shows the results of 
such a production. 
 

Table 1. Conversions of Methane and CO and Selectivities 
(Temperature of reaction: 338K; flow rate of feed: 40 ml/min) 

Ratio of CH4/CO 2/1 2/1 1/1 

Input power/W 50 100 100 

Conversion of CH4 43.74 62.45 72.92 

Conversion of CO 
 
Selectivity of 

diamond like carbon film 
 
Selectivity of 

gaseous hydrocarbons 
 
Selectivity of 
 liquid products 

14.70 
 
 

60.14 
 

38.33 
 
 

1.54 
 

20.02 
 
 

65.88 
 

32.31 
 
 

1.81 
 

18.51 
 
 

72.99 
 

23.38 
 
 

3.63 
 

 
Table 1 shows more feed amount of carbon monoxide will lead to 

higher selectivity of diamond carbon film. This suggests the presence 
of carbon monoxide tends to induce the plasma polymerization from 
methane under the condition of dielectric-barrier discharges. The 
result of FT-IR characteristics of plasma-polymerized film from 
methane and carbon monoxide is shown in Figure 2. There are two 
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peaks at 1712 cm-1 and 1732 cm-1, respectively, in the FT-IR 
VSHFWUXP��7KLV�VSOLWWLQJ�ZDV�DVVLJQHG�WR�WKH�HIIHFW�RI�FRXSOLQJ�RI� �RU�
� GL-carbonyl. The presence of a band at nearly 3350 cm-1 was 

attributed to hydroxyl group. The bands at 2962 cm-1, 2930 cm-1 and 
2870 cm-1 were observed for CH3 asymmetrical stretching vibration, 
CH2 asymmetrical stretching vibration and CH3 symmetrical stretching 
vibration, respectively. The bands at 1462 cm-1 and 1380 cm-1 were 
due to CH3 asymmetrical bending or CH2 scissoring vibration and 
CH3 symmetrical bending vibration, respectively. The morphology of 
the polymer film on the quartz tube was studied by SEM microscope, 
as shown in Figure 3. Figure 3 shows the carbon film was consisted of 
small irregular units with the size from��� P�WR���� P��$OO� WKH�XQLWV�
were closely aggregated to compose the dense film on the quartz tube 
The polymer film produced from methane and carbon dioxide in 
Reference 5 was much more complex than the film produced in this 
work. It is considered that carbon monoxide is a better monomer for 
co-polymerization with methane using dielectric-barrier discharges. 
The plasma-polymerized film attained was also with relative simple 
structures that would lead many an application for coatings and others.  

  

 
  

Figure 3. SEM images of polymer film on the quartz tube. 
(Discharge power of 100 W; the ratio of CH4/CO: 1/1) 

 
The angle-resolved ESCA allows an analyst to change the depth 

of analysis so that the depth information becomes available. The 
ESCA spectrum of plasma polymerized carbon film suggests another 
species in the binding energy of around 102.1 eV in addition to the Si 
species contributed from quartz (with a Binding Energy of 103.7 eV). 
This strange Si species could not be considered as a possible C-Si 
species in the polymerized film, upon the Angle-resolved ESCA 
analysis, since Si102.1eV/Si103.7eV is very small at the small take-off angle 

(close to the top layer of surface). The ratio of these two kinds of Si 
species reduces with the decrease in the take-off angle, as shown in 
Table 2. This suggests the quartz becomes electrically active under the 
condition of gas discharge plasmas and is reduced slightly. It has been 
considered that the electrically active quartz will provide active sites 
for plasma polymerization.   
 
Table 2. Si102.1eV/Si103.7eV Reduces with the Decrease in the Take-

off Angle 
 

Si102.1eV/Si103.7eV Take-off angleθ 
0.7 
0.4 
0.2 

90 
60 
30 

 
Conclusion 
      The co-feed of methane and carbon monoxide has led to a 
remarkable enhancement of the formation of diamond-like carbon film 
from methane using dielectric-barrier discharges, compared to that 
obtained from the co-feed of methane and carbon dioxide. Due to the 
easy operation of dielectric-barrier discharge at atmospheric pressure, 
the present method would lead to a significant improvement in the 
fabrication of diamond-like carbon film. The present investigation is 
also helpful for the understanding of the formation of plasma-
polymerized carbon film from plasma methane conversion using 
dielectric-barrier discharge in the presence of carbon dioxide because 
carbon monoxide will present as a major by-product with it. 
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Introduction 
Research on direct partial oxidation of methane to methanol 

has last for a long time because of its great industrial potential. 
Unfortunately, in most literatures CH3OH yield was always below 
5%. The molecular of methanol is far more reactive than methane 
under similar condition. Methanol is easily oxidized to CO and/or 
CO2. Therefore, the selectivity of methanol was always poor. 
Participation of catalyst has not improved methanol selectivity till 
now. The temperature and pressure for catalytic oxidation of 
methane were in the range of gas phase homogeneous oxidation. 
Then the gas phase homogeneous reaction was inevitable in the 
catalytic reaction. Therefore, it is necessary to continue the 
exploration on the gas phase homogeneous oxidation of methane. 
Experimental 

The gas phase partial oxidation of methane was investigated 
in a specially designed quartz lined tubular reactor. The quartz line 
was tightly fitted in the stainless steel line using an O-ring of 
fluoride rubber pressed by a locking nut to avoid contact of feed 
gas with metal wall so as to diminish the wall effect. And a spacer 
(quartz tube) was placed in the reactor to ensure the product 
mixture leave out the high temperature reaction zone rapidly so as 
to terminate the free radical reaction and minimize the deep 
oxidation of required product. 
Results and discussion 

In the specially designed reactor, a yield of CH3OH about 
7-8% (60-63% CH3OH selectivity at 11-13% CH4 conversion) 
could be obtained at 430-470°C, 5.0MPa and 
CH4/O2/N2=100/10/10 (ml/min, STP), while O2 was completely 
consumed. The selectivity of CO was about 30% and the selectivity 
of CO2 was kept less than 5-10%. Production of H2 was also 
observed, its concentration in the gas mixture was just less than 
that of CO. Since no HCHO was detected, it is believed that it 
decomposed quickly to CO and H2 if it was formed in the reaction 
system.  

In most literatures, high CH3OH selectivity could be obtained 
when methane conversion was very low; however the selectivity 
would fall down quickly while increasing the methane conversion. 
The yield of methanol was always less than 5%. Comparison of the 
reaction conditions with that in our early work[ 1 ] and other 
literatures[2,3,4], the most difference lies in the reactor structure. 

In order to verify what makes high methanol yield possible, 
some experiments were carried out by adjusting the structure of the 
reactor. Without O-ring for sealing the gap between quartz tube and 
stainless tube in the reactor, the methanol selectivity decreased 

sharply from 62% to 31%, and methanol yield fell from 8% down 
to only 3%. Instead of quartz line with silicate glass line, the 
selectivity only decreased slightly. The spacer (quartz tube) in the 
reactor does have some effect on the reaction because the methanol 
selectivity decreased from 62% to 41% (Table 1). 

Table 1 Effect of the varying of the reactor structure on the 

partial oxidation of methane 
 
 
 
 
 
 
 

Selectivity /% Case* Methane 
Conversion/% CH3OH CO CO2 

Methanol 
Yield/% 

A 13.1 62.3 32.6 4.8 8.2 
B 9.1 31.6 50.0 18.8 2.9 
C 11.7 41.2 41.5 15.4 4.8 
D 13.0 54.5 33.0 12.0 7.1 

P=50atm, T=450℃, CH4/O2/N2=100/10/10(ml/min)  
*A-the original structure, B-without O-ring; C-without spacer; 

D-silicate glass line instead of quartz glass line 
Conclusion 

A yield of CH3OH about 7-8% could be obtained in the 
specially designed reactor. It is supposed that the high CH3OH 
yield should be attributed to the encapsulation of the ringed gap 
between the quartz line and the SS line. Higher CH3OH selectivity 
could be achieved by improving the reactor design. 
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Introduction    

In recent years, catalytic partial oxidation of methane to synthesis 
gas (POM) attracted an extensive attention. Of the reported catalysts, 
supported Ni catalyst is a promising catalyst for POM industrial 
production since its high activity and low price[1-4]. However, the 
catalytic stability of Ni catalyst is not so good as noble catalysts such 
as Rh or Pt. In this paper, 10% (wt%) Ni catalysts supported on 5 mm 
α-Al2O3, β-Al2O3 and γ-Al2O3 pellets were prepared by impregnation 
method. The catalytic activity and stability were measured in a 
continuous fixed bed reactor.  

 
Experimental 

A quartz tube of dimension of 5mm o.d.× 3 mm i.d. ×300mm 
length was used as a reactor. The catalyst loaded was 60 mg.  High 
purity Argon was used as a carrier gas for GC analysis of inlet and 
outlet gas mixture. The conversion and selectivity were calculated 
from GC analysis results based on the C, H, O and N balance.  

 The specific surface area of the support and the catalyst before and 
after reaction were measured using a Pulse Chemisorption 
(CHEMBET-3000) Instrument. The catalyst amounts were 30 mg. 
The adsorption at liquid nitrogen and desorption at room temperature 
were recorded when partial pressure of N2 in He is 0.1, 0.2 and 0.3 
respectively.  

XPS characterization has been done to analyze the carbon 
deposit and the dispersion of Ni on the support. XPS analyses 
employed a multi-pass analyzer (PHI 5600) with pass energy of 188 
eV for survey spectra and 29 eV for high-resolution spectra.  X-rays 
were generated using a Mg Kα X-ray source. 

 
Results and Discussion 

Three catalysts were tested for POM process after reduced at 
800 oC for 2 hours. As shown in Table 1, all catalysts exhibit good 
activity for POM process and 10% Ni/β-Al2O3 catalyst shows the best 
activity. It can be seen that the catalytic activity and the product 
selectivity increase in the order of 10% Ni/α-Al2O3< Ni/γ-Al2O3< 
Ni/β-Al2O3. The results were different from the reported results when 
the powder alumina was used. It was once reported[5] that the 8% 
Ni/α-Al2O3 is the best catalyst and the catalytic activity and the 
product selectivity increase in the order of 8% Ni/γ-Al2O3<Ni/β-
Al2O3<Ni/θ-Al2O3 ≈Ni/α-Al2O3. It can be attributed to the differences 
of the support and the preparation method applied. 

 

 
Table 1 Catalytic activities of 3 catalysts after reduced at 800 oC for POM process 

O2, N2, CH4 flow rate: 19, 70, 38ml/min O2, N2, CH4 flow rate: 37, 140, 74ml/min       Reaction condition 
 

 
Catalyst 

XCH4  

% 

XO2 

% 

SCO 

% 

YCO 

% 

H2 / 
CO 

XCH4  

% 

XO2 

% 

SCO 

% 

YCO 

% 

H2 / 
CO 

10%Ni/α-Al2O3 50.64 98.80 75.72 38.30 2.03 62.42 98.59 82.75 51.67 2.02 

10%Ni/β-Al2O3 69.33 98.59 82.85 57.45 2.08 73.57 98.59 87.21 64.18 2.05 

10%Ni/γ-Al2O3 64.56 98.36 85.00 54.91 2.05 68.73 98.66 88.10 60.52 2.03 

Note: reaction temperature: 650 oC,   pressure: atmospheric pressure
    

 Three catalysts were continuously tested for 100 hours at 
reaction temperature 700 oC and space velocity of 1.5×105 hr-1 with 
the molar ratio of CH4:N2:O2=2:4:1. The results showed that the 
catalytic stability increases in the order of 10% Ni/γ-Al2O3< Ni/β-
Al2O3< Ni/α-Al2O3. 

The above results indicated that the property of support alumina   
is a  major  factor of  affecting  the catalytic activity and stability.  It is
necessary to investigate this effect. The specific surface area of the 

catalysts and the supports were measured and shown in Table 2. It 
was found that for 10% Ni/β-Al2O3 and Ni/γ-Al2O3 catalysts, the 
specific surface area decreased as the order of support>(the catalyst 
before reduced at 800 oC) >(the catalyst after reaction at 650 oC for 4 
hrs). As for 10% Ni/α-Al2O3 catalyst, its specific surface area has a 
little increase compared to that of the support. 
 

 
Table 2  Specific surface area  of  the support and the 10% Ni catalysts 

10% Ni/α-Al2O3 10% Ni/β-Al2O3 10%Ni/γ-Al2O3 Catalyst 

1 2 3 1 2 3 1 2 3 

specific surface area, 
m2/g 

8.6 11.9 10.8 71.3 47.0 43.8 251.1 107.6 66.2 

Note: 1.support, 2.catalyst before reduction, 3.catalyst after reaction at 650 oC for 4 hrs 
 

XPS characterization was done for three catalysts before 
reduction and after reaction at 700 oC for 100 hrs. The XPS spectra 

for 10% Ni/α-Al2O3 catalyst, which is similar with the spectra for the 
other two catalysts, was shown in Fig. 1.  



Fuel Chemistry Division Preprints 2002, 47(1), 336

The surface compositions for the three catalysts before reduction 
and after reaction at 700 oC for 100 hrs were determined by XPS and 
shown in Table 3. It was noted that the carbon on the 10%Ni/α-Al2O3 
and 10% Ni/γ-Al2O3 catalysts before reduction are almost the same, 
which is about double the carbon on the 10% Ni/β-Al2O3 catalyst. 
After these catalysts were reduced at 800 oC by hydrogen for 2 hrs 
and reacted at 700 oC for 100 hrs, the carbon deposits on the catalysts 

all increased in the order of Ni/α-Al2O3<Ni/γ-Al2O3<10%Ni/β-Al2O3. 
Combined with the 100 hrs POM reaction result, it is clear that the 
carbon deposit is a major factor resulting in the deactivation of Ni 
catalyst for POM process. The Ni atomic ratio data indicated that the 
dispersion of Ni on these three supports are different and may be 
another factor affecting the stability.  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

(a)                                                       (b) 
Figure.1 The XPS survey spectra for 10% Ni/α-Al2O3 catalyst (a) before reduction; (b) after reaction at 700oC for 100 hrs. 

 
Table 3 Surface compositions obtained from XPS for 3 catalysts 

Atomic ratio, % 

10%Ni/α-Al2O3 10% Ni/β-Al2O3 10% Ni/γ-Al2O3 

 

Before reduction After reaction Before reduction After reaction Before reduction After reaction 

O1s 55.5 47.9 59.7 49.2 56.3 44.1 

Al2p 25.5 23.5 30.8 26.7 28.2 22.5 

Ni2p  5.1  2.7  2.1  0.9  1.1  0.8 

C1s 13.9 26.0  7.4 23.2 14.4 32.6 

 
Conclusions 
(1) 10% Ni/β-Al2O3 catalyst is better than 10%Ni/α-Al2O3 and 

10%Ni/γ-Al2O3 catalysts considering both of the activity and 
stability. 

(2) The dispersion of Ni and the carbon deposit are the major factors 
affecting the catalytic activity and stability for POM process.  
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The formation and decomposition of gas hydrates are of both
fundamental and industrial importance.1-3 Further insight into these
processes is needed in order to control hydrate crystallisation in
gas/oil pipelines, or for the extraction of methane hydrate from
marine sediments.

Crystal growth4 and decomposition processes have been
examined for methane hydrate using in situ neutron diffraction
measurements. The methane hydrate samples were synthesized by
charging a high pressure variable temperature TiZr cell with D2O and
pressurising with CH4 and CD4. The liquid in the reaction cell was
cooled using a recirculating glycol bath. Fine temperature control of
the cell was achieved using electrical heating, with thermocouples
placed within the copper cooling jackets at the top and bottom of the
cell. The D2O/methane mixture was allowed to equilibrate at around
18oC and 14.5 MPa while agitating the fluid within the cell
vigorously to ensure effective interfacial mixing. The temperature
was lowered in stages such that the system was driven towards
methane hydrate formation. On complete hydrate conversion of the
liquid within the neutron beam (indicated by the absence of any
diffuse scattering), the temperature was subsequently increased in
stages until the methane hydrate was completely decomposed. At this
stage, the temperature was well outside the hydrate formation region
and the neutron diffraction pattern gave no indication of Bragg
reflections due to hydrate crystals (see Figure 1).

These neutron diffraction measurements were coupled with
simultaneous gas consumption measurements, which were performed
throughout the duration of the experiments. This is the first
molecular-level study of methane hydrate decomposition and is
expected to provide insight into the structure of the liquid phase
immediately after dissociation of the hydrate crystal lattice.

Figure 1. Neutron scattering cross-section data during methane
hydrate decomposition (CH4/D2O).

The phonon density of states of methane hydrate and THF
hydrate (a model sII hydrate) has also been measured using inelastic
neutron scattering. Methane hydrate samples were prepared from fine
particles of H2O and D2O ice pressurised with methane gas. The
effect of a thermodynamic inhibitor, methanol, on the structure and
dynamics of these systems has been investigated. Important structural
information on methane hydrate and carbon dioxide hydrate has also
been extracted from in situ neutron and X-ray diffraction data.
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Introduction 

The complex behavior tied to formation and accumulation of 
methane hydrate and free gas within dynamic marine sediments has 
been investigated using a new model that includes physical, 
mechanical, biological, and thermodynamic contributions. An early 
paper provided a detailed analysis of phase equilibria for the seawater-
methane system within the context of having variable seafloor depths 
and geothermal gradients.1  The paper that followed presented initial 
results of the newest model that incorporates accurate phase 
equilibria, sediment compaction, liquid advection, and methane 
biogenesis.2  Rates of key processes are described in terms of geologic 
time, making possible simulations covering several million years.  
 

This work extends our focus to look at the effects of marine 
basin parameters on the occurrence of solid methane hydrate and free 
gas.  Foremost parameters include the geothermal gradient (GTG) and 
the depth of the seafloor, which are key to establishing the 
thermodynamic state of the seawater-methane system at a given 
sediment depth below the seafloor. Other basin parameters include the 
rate of sediment deposition and compaction, average pore diameters 
within the sediments, and the shape of sediment particles. 
Determination of conditions for maximum occurrence of methane 
hydrate is facilitated by a comprehensive study of these basin 
parameters.  Hence, resource determination is made possible by this 
model, whereas other applications could include seafloor stability 
issues, and environmental release of methane from marine systems. 

 
Methods 

Sediment Dynamics.  Marine sediments are porous media 
whose porosity profiles change over time due to a number of 
influences. Herein, the sediment compaction rate is defined as the 
change in sediment porosity over time as a function of sediment depth, 
where this rate dictates the downward migration of the sediment 
solids and the upward liquid advection rate. This work developed an 
analytical expression for porosity as a function of depth and time that 
is essentially a time-modified version of the well-accepted Athy 
equation,3 which has seen wide use in sedimentary geophysics because 
it can provide good estimates of porosity profiles for some marine 
basins.4-7  Sediment compaction and liquid advection are heavily 
influenced by the physical characteristics of the sediment, and 
seawater advection due to compaction is the primary transport 
mechanism for moving methane to locations within the sediment 
where it can be formed into methane hydrate or free gas.  

 
Key Basin Parameters.  The depth of the seafloor and value of 

the GTG have profound effects on the amount of methane available 
from advecting liquid for hydrate formation or gas exsolution.  
Consider the idealized phase equilibria represented in Figure 1, 
wherein the phases are liquid seawater (L), methane hydrate (H), and 
free methane gas (G).  If the GTG is assumed to be constant, then 
liquid advection pathways along a GTG are represented by straight 
lines on a depth versus temperature plot.  Three such lines are shown 

in Fig. 1.  Lines A and B represent the comparison of basins that have 
different seafloor depths, but have identical GTGs.  Lines B and C 
represent the scenario of two basins that have the same seafloor 
depth, but differing GTGs. The potential magnitude and location of 
hydrate and free gas formations will vary between lines A, B, and C 
because the phase equilibria (as reflected by soluble methane 
concentrations) differs among these paths. 
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Figure 1.  Idealized plot of phase equilibria for the seawater-methane 
system, contrasting the upward liquid advection paths taken along the 
same GTG with different seafloor depths (lines A and B) and different 
GTGs with the same seafloor depth (lines B and C). 

 
Other parameters include rate of sediment deposition and 

compaction, average pore diameters between sediment particles, and 
the shape of sediment particles.  Sediment deposition and compaction 
have a direct effect on the upward flux of advecting seawater, and 
hence influence the net migration of methane through the sediments 
over time.  Pore sizes and particle shapes affect the frictional flow 
characteristics of the advecting liquid, and are key influences on liquid 
overpressures (those pressures experienced by advecting liquid that 
are greater than hydrostatic values).   

 
Methane Biogenesis.  A source term for biogenic methane has 

been incorporated into the model, which yields the production rate of 
methane as a function of depth and temperature.  Predictions of 
methane generation within marine sediments are based on laboratory 
data gathered using isolated methanogens found in natural marine 
systems, assigning an average population of these microbes within the 
total microbial consortium.  A previous paper  should be consulted for 
further details concerning this biogenic source term.2 

  
Results and Discussion 

Methane within advecting liquid is considered available for 
hydrate or free gas formation if the advection path involves a change 
of thermodynamic states from higher to lower methane equilibrium 
concentrations.  Figure 2 shows the cumulative change of soluble 
(saturated) methane concentrations for seafloors at 500, 1000, and 
2000m deep, and for GTGs of 20 and 40 °C per km.  The inflection 
points represent crossing from the L-G region into the L-H region.  It 
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is interesting to note that deeper seafloors actually cause methane to 
become subsaturated within advecting liquid until the three-phase 
boundary is reached, based solely on thermodynamic considerations. 
Shallower seafloors generally promote supersaturation of methane 
within seawater along the GTG-defined advection path.  These 
observations lead to the assertions that bottom simulating reflectors 
(BSRs) would likely be absent for basins having deeper seafloors, 
since thermodynamic conditions along the GTG does not favor gas 
exsolution.   Conversely, BSRs are more probable for shallower 
seafloors since it is thermodynamically feasible to produce free gas.  
All scenarios in Fig. 2 indicate that hydrate formation is possible for 
the advection paths within the L-H region, where more hydrate will be 
formed at higher GTG values.  
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Figure 2.  The effect of seafloor depth and GTG on the cumulative 
change of soluble methane in seawater along upward advection paths.  
 

Up to this point considerations in Figs. 1 and 2 have been 
restricted to thermodynamic equilibrium conditions.  However, it is 
necessary to superimpose phase equilibria upon a sediment 
compaction framework to quantify the amounts of soluble methane 
converted to hydrate and free gas over time.  This was done for the 
case of having a constant seafloor depth, allowing simulations to run 
out to 20 Ma.  Figure 3 shows the velocity profiles for advecting 
liquid and settling sediment solids under conditions of a moderate 
sediment compaction rate. The fluid velocities are a key parameter in 
Darcian analyses of flow through the sediments, since they have a 
direct influence on liquid overpressures.  
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Figure 3.  Velocity profiles of advecting liquid and sediment solids for 
the case of a “moderate” sediment compaction rate.  The * represents 
the depth of greatest hydrate occurrence. 
 

Figure 4 shows the net amounts of methane hydrate and free gas 
that have formed after 10 and 20 Ma, based on advection represented 
in Fig. 3.  A GTG of 20 °C/km and a seafloor at 1000m were used in 
generating Fig. 4.  It is seen in this figure that the greatest occurrences 
of hydrate and free gas lie within narrow bands of depth, which are 
generally located in the vicinity of where the advection path (GTG) 
crosses the three-phase boundary.  Also shown is that the volume of 
free gas present at 10 Ma (5% by vol) disappears by 20 Ma.  This 
disappearance is due to liquid overpressures that increase between 10 
and 20 Ma as a consequence of lowered sediment porosity over time.  
These higher overpressures cause the local pressure experienced by 
the advecting liquid to shift from the L-G region into the L-H region, 
effectively enabling the free gas to be converted into hydrate.  The 
amounts of hydrate shown in Fig. 4 are in good agreement with other 
investigators who have estimated hydrate occurrences in reasonably 
homogeneous sediments to fall between 1 and 12% by volume, 
depending on the age of the marine basin.8-13 
 

Based on Fig. 2, we can speculate how the plots in Fig. 4 would 
change as the seafloor depth and GTG are changed.  For example, 
shallower seafloors would yield shallower hydrate deposits with 
underlying free gas deposits.  Deeper seafloors would correspond to 
deeper hydrate deposits that may be of a greater magnitude, with 
minimal free gas beneath.  However, the shape and magnitude of the 
plots in Fig. 4 are also influenced by the sediment compaction rate.  A 
faster compaction rate will yield somewhat different hydrate and free 
gas profiles (than a slower rate) because the higher liquid velocities 
will yield higher liquid overpressures that will cause a localized shift in 
phase equilibria conditions.      
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Figure 4. Predicted accumulation of methane hydrate and free gas 
within simulated compacting sediments undergoing a moderate 
compaction rate. 
 
Conclusions 

Occurrence of methane hydrate and exsolved methane gas within 
compacting marine sediments has been described by a advanced model 
incorporating accurate phase equilibria, sediment compaction, liquid 
advection, and methane biogenesis.  Key parameters affecting the 
formation of hydrate and gas were discussed, which included the GTG 
and seafloor depth.  Other parameters currently under investigation 
include the rate of sediment deposition and compaction, average pore 
diameters between sediment particles, and the shape of sediment 
particles.  A large parameterized study can yield the optimal set of 
conditions for maximum hydrate and free gas formation. Results from 
a large-scale parameterized study will be given in the full presentation. 
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Introduction 

Methane hydrates were first observed in the laboratory in 1810.  
It wasn’t until nearly 150 years later that they were observed in 
nature.  Hydrates can occur in permafrost, in sediment where gas 
exists under moderate to high pressure and low temperatures, and 
offshore beneath deep water.  Hydrates are a problem in the oil and 
gas production industry because they can form in the well or pipelines, 
thereby blocking the flow of fuel.  Estimates by the U.S. Geological 
Survey project that world hydrate deposits contain approximately 2 x 
104 trillion cubic meters of methane [1].  Estimates of methane 
hydrate deposits off the coast of the United States is approximately 9 
x 103 trillion cubic meters of methane with an additional 17 trillion 
cubic meters of methane in the permafrost on the north slope of 
Alaska [1]. 

Recent publications have indicated that photochemical oxidation 
of methane may be a commercially feasible route to methanol [2,3].  
Previous research in our laboratory [4] has shown that, methane, 
dissolved in water, at temperatures > 70 °C, with a semiconductor 
catalyst, can be converted to methanol and hydrogen.  The limiting 
factor for conversion of methane appears to be the solubility of 
methane in water.  We hypothesized that if the concentration of 
methane in water can be increased, conversion should also increase. 
Methane hydrates might provide a method of increasing the amount of 
methane dissolved in water, because at standard temperature and 
pressure  (STP), one volume of saturated methane hydrates contains 
approximately 180 volumes of methane. 

Our vision is to immobilize methane and water in close proximity 
by formation of the methane hydrate. The reaction will involve the 
formation of hydroxyl radical (•OH) within the methane hydrate by 
photochemical means.  The proximity and restricted mobility of the 
•OH and the CH4 would then favor the formation of CH3OH.  
Successful demonstration of this principle would then open the 
possibility of using hydrates to immobilize reactants in a way that 
favors the desired selectivity.  This is the basis of our Patent [5]. 
 
EXPERIMENTAL 

All reactions were conducted in a high-pressure view cell.  The 
cell is constructed of 316 stainless steel 6.35 cm (2.5 inches) OD and 
27.4 cm (11 inches) in length.  The internal volume of the cell is ~ 40 
mL.  The cell is fitted with 2 machined endcaps, one which contains a 
sapphire window to allow for observation of the contents of the cell 
using a CCD camera.  The cell is fitted with ports to accommodate the 
fill gas inlet and reaction product outlet, a pressure transducer to 
monitor the internal pressure of the gas inside the cell, and a 
thermocouple that terminates inside the cavity of the cell to monitor 
the temperature of the liquid/hydrate mixture.  While the working 
pressure of the cell is rated at 220 MPa (32,000 psia), all experiments 
were conducted at 13.8 MPa (2000 psig) or less.  The temperature of 
the cell is controlled by the flow of a glycol/water solution from an 
external circulating temperature bath through a coil of 0.64 cm (¼ 
inch) copper tubing that is wrapped around the outside of the cell.  

Several layers of insulating material are wrapped around the cell to 
help maintain constant temperature. 

A typical experiment involves filling the cell with 40 mL of 
double-distilled water.  A Teflon® coated stir bar is added, followed 
by portions of the photocatalyst.  The endcap is placed on the cell and 
tightened to specifications.  An external magnetic stirrer is used to 
obtain a high degree of vortex mixing inside the cell.  The cell is 
connected to the gas manifold and purged several times with methane.  
Following the purge procedure, the cell is charged with methane at 
pressures of 5.5 – 13.8 MPa (800-2000 psig).  Using the external 
circulating temperature bath, the temperature of the water in the cell is 
lowered until formation of the methane hydrate is observed.  After 
formation of the hydrate, the temperature of the cell is lowered to -5 
°C and held constant.  Illumination of the hydrate is then performed 
using a high-pressure 350-watt mercury-vapor lamp, with the light 
directed toward the sapphire window.  After illumination for a set 
period of time, the cell is allowed to warm slowly to room 
temperature.  When the cell and its contents have reached room 
temperature, the contents of the cell are vented and a gas 
chromatograph and/or a mass spectrometer are used to analyze the 
products. 

Multiple hydrate formation experiments were conducted using 
the following solutions:  30 mL of double distilled water, 30 mL of 
simulated seawater (made by by dissolving 26.8 grams of sodium 
chloride and 5.3 grams of magnesium chloride in 1 liter of double-
distilled water), or water with surfactant (added at a concentration of 
224 ppm).  The cell was connected to the reactor manifold and 
charged with methane as described above.  The temperature of the cell 
was reduced to 5°C and held constant until the methane hydrate 
formed.  After formation of the methane hydrate, the cell’s 
temperature was increased to 15°C.  After the methane hydrate had 
dissociated, as observed through the cell’s view port and the return of 
the cell pressure to that prior to hydrate formation, the temperature of 
the cell was reduced to 5°C.  This procedure was repeated several 
times. 

The experiments to determine maximum uptake of methane by 
the hydrate were conducted by filling the cell with 15 mL of double-
distilled water and surfactant, adding the Teflon® coated stir bar, and 
sealing the cell, all as described above.  The cell was connected to a 
modified gas manifold containing two single-stage high-pressure 
regulators in series and purged several times with methane. However, 
after the last purge, the valves connecting the cell to the manifold 
were not closed at this point.  Rather, the regulators were set to 
deliver methane at 9.7 MPa (1400 psig), in order to allow the 
experiment to proceed at a constant head pressure of 9.7 MPa (1400 
psig) during the formation of the hydrate.  Again, an external 
magnetic stirrer was used to obtain a high degree of vortex mixing 
inside the cell.  Temperature of the water in the cell was lowered until 
formation of the methane hydrate is observed.  Following formation of 
the hydrate, the temperature of the cell is lowered to -5 °C to 
minimize the dissociation of the hydrate in the subsequent 
depressurization step.  After 8 hours at -5 °C, the cell is isolated from 
the manifold and the head pressure released.  After release of the head 
pressure, the cell was re-sealed and warmed to room temperature. 
 
RESULTS 

Our first experiments were to study the formation and 
dissociation of methane hydrates.  Figure 1 shows a typical 
pressure/temperature profile for this process.  During the initial stages 
of cooling, the pressure inside the cell mirrors that which would be 
predicted from the ideal gas law.  However, as the hydrate begins to 
form, a sharp decrease in the cell pressure is observed, indicating that 
methane is being absorbed from the headspace.  Visually, the initial 
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hydrate formation appears as ice crystals suspended in the water.  As 
formation of the hydrate continues, the hydrate begins to agglomerate, 
forming a slush.  Within a few seconds, the slush is transformed into a 
solid mass.  

 
Figure 1.  Pressure and temperature profile as a function of time for 
the formation of a methane hydrate from double distilled water. 

 
Even after formation of the solid mass, over time the hydrate 

incorporates more of the free methane into the crystal structure.  This 
is evident by a decrease in the pressure in the cell over time as shown 
in Figure 1.  Upon warming, the hydrate dissociates with evolution of 
methane from the slush.  After dissociation of the hydrate, 
subsequently decreasing the temperature can reform the methane 
hydrate.  This is also shown in Figure 1.  Note that the hydrate forms 
notably faster during the second formation (1 hour as opposed to 4 
hours).  The third and forth formation of the hydrate occur at times 
slightly less than the second formation.  This decrease in formation 
time may be due to microscopic hydrate crystals that are still present 
in the solution, even at 15 °C.  These crystals would act as seeds for 
future formations.  The formation of methane hydrates in water that 
contains the suspended photocatalyst followed the same physical 
changes as that observed for hydrate formed in pure water. 

Formation of methane hydrates in double-distilled water, 
simulated sea water and double-distilled with a surfactant added is 
shown in Figure 2.  As is shown in the figure, methane uptake by both 
double-distilled and simulated seawater is ~1.4 MPa (200 psig).  Also 
of note is that the onset of hydrate formation in the simulated 
seawater is 3°C lower than that of the double-distilled water.  When 
surfactant is adder to the water, methane uptake by the hydrate is ~5.6 
MPa (800 psig), a four-fold increase. The increase observed in the 
uptake of methane when the surfactant is present can be explained 
what happens when hydrates form.  Since methane hydrate is less 
dense than water, hydrates form on the surface of the water.  Even 
with stirring, soon enough hydrate is present that the entire surface of 
the water is covered by the hydrate.  This prevents additional methane 
from dissolving in the water.  When the surfactant is present, the 
hydrate formed is forced to the edges of the surface, allowing the 
water-methane contact to be present longer, allowing the 
concentration of methane in the water to remain constant throughout 
formation. 

In order to determine the maximum amount of methane that we 
could have taken up by the hydrate, we formed methane hydrate in 
double-distilled water containing 224-ppm surfactant under a constant 
head pressure of 9.7 MPa (1400 psig).  The results are shown in 
Figure 3.  During this experiment, the hydrate was formed under a 
constant head pressure of 1400 psig, with formation beginning at 

approximately 3.5 °C.  The temperature of the cell was further 
decreased to -5 °C, in order to preserve the hydrate during the 
subsequent depressurization of the cell.  Following depressurization at 
-5 °C, the cell was armed to room temperature, accompanied by an 
increase in cell pressure due to methane outgassing from the melting 
hydrate.  As Figure 3 shows, the cell pressure reached approximately 
1350 psig.  The hydrate formed by this method contained over 96% of 
the maximum theoretical amount of methane.   

 
Figure 2.  Pressure as a function of temperature for the formation of a 
methane hydrate in double-distilled water, simulated seawater, and 
water with 224-ppm surfactant added. 

 
After the hydrate had formed and the pressure in the cell 

equilibrated, the UV lamp was turned on to initiate the photocatalytic 
conversion process.  During illumination, a decrease in the pressure of 
the cell is observed.  Following illumination, the cell was maintained at 
-2 °C for several hours before warming to room temperature.  Also of 
note is that the final pressure of methane is less than the starting 
methane pressure due to conversion of the methane within the 
hydrate. 
 
Figure 3.  Pressure and temperature profile as a function of time for 
the formation of a methane hydrate with 224 ppm surfactant added. 

 
Mass spectrometric analysis of the gas vented from the cell after 

illumination revealed the presence of methanol, hydrogen, ethane, 
oxygen, formic acid, and carbon dioxide, as shown in Figure 4.  Side 
reactions that occur during the photocatalytic conversion process are 
responsible for producing these additional species.  Photocatalytic 
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splitting of water forms oxygen, ethane is formed by the combination 
of two methyl radicals, and the formic acid and carbon dioxide are the 
result of further reactions of methanol.  

Attempts to use GC to identify products dissolved in the water 
after reaction were of limited value.  In an effort to detect these 
products dissolved in the water, the cell and its contents were heated 
to 70°C prior to venting.  Analysis of the gas headspace resulted in the 
detection of similar products as those obtained at room temperature.  
If products dissolved in the water were present, their concentration 
was too low to be detected with our setup.  We are currently refining 
our detection system to correct this problem. 

 
Figure 4.  Product analysis for the photoconversion of methane 
hydrate. 

Experiments were also performed where the double-distilled 
water was replaced with simulated seawater.  The results of these 
experiments were similar to those performed with double-distilled 
water. 
 
CONCLUSIONS 

We have produced methane hydrates in our laboratory.  The 
temperature and pressure profiles for hydrate formation for several 
different starting pressures of methane, as well as different aqueous 
media, have been determined.  Using a photocatalytic process, we 
have been able to convert the methane hydrate to methanol and 
hydrogen.  We also observe several side reactions of methane 
hydrates, producing ethane, oxygen, formic acid and carbon dioxide.   

Previous research [4] in our laboratory had shown that the 
photocatalytic reaction of methane and water did not occur below 
70°C.  However, current studies have demonstrated effective 
conversion of methane hydrates using the same catalyst at 
temperatures below 0°C [5]. 

The addition of a surfactant improves the uptake of methane 
during formation of the hydrate.  The amount of methane uptake 
obtained using the surfactant has reached greater than 96% of the 
theoretical limit. 

This process, while still in its infancy, may provide a method for 
recovering the methane contained within hydrate deposits.  In 
addition, it may provide an effective method for removing hydrate 
plugs from pipelines and wells. 
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Abstract 
 
For years natural gas hydrates have portended potential multi-trillion 
cubic feet of primarily methane reserves both onshore and offshore.  
Recently, two major events have moved the hydrate curiosity to 
serious hydrate interest: (1) The perceived ensuing shortage of 
accessible cost effective energy for North America and other countries 
like Japan, and (2) The stimulus by the National Energy Technology 
Laboratory/US Department of Energy (NETL/DOE) hydrate program 
to fast forward hydrate technology.   
 
Anadarko Petroleum Corp. along with Mauerer Technology and 
Noble Engineering are participating in the recent Alaska hydrate 
research program sponsored by NETL/DOE. This unique field 
oriented research project will apply known oil and gas technology 
with modification to recognize and access North Slope hydrate gas 
accumulations with a further plan to attempt long term well 
production testing of the wells that will be drilled during the project. 
The research program incorporated some of the unique approaches to 
the coring, core retrievable core assessment, well bore evaluation, 
including the various testing scenarios. On-site laboratory testing will 
be done when appropriated to understand the time function on some 
of the physical properties. Thermodynamics and kinetics data will be 
obtained from off-site measurements 
 
Introduction 
 
Gas hydrates occur naturally in permafrost and deep marine 
environments around the globe. It is estimated that methane in gas 
hydrates worldwide is more than 1013 tons of methane-carbon 1. This 
quantity is equivalent to ~2.1016 cubic meters of methane gas, or 
about twice as much as all other fossil fuels, taken together. and about 
370 times as much as all of the natural gas ever likely to be produced 
from conventional sources in North America 2. Potentially, this 
resource could be the backbone for the world's energy sector during 
the 21st century. 
 
Background 
 
Several major factors have so far prevented the commercialization of 
gas hydrates to produce clean burning, environmentally friendly fuel.  
These factors are: 

• Remoteness of the hydrate resources from major natural gas 
markets, except in several cases (offshore the East Coast of 

the United States, offshore Japan, offshore India, in the 
Black Sea, and offshore Australia); 

• Insufficient knowledge about the in-situ properties of gas 
hydrates; 

• Absence of economical and proven technology for the 
production of natural gas from gas hydrates; 

 
Remoteness of the resource - no more. Even gas 

hydrates have been recovered in at least 90 locations in marine 
environments globally and in many cases in permafrost conditions 
onshore, these sites are often situated far from the major natural gas 
markets.  For example, it would take a 5,000 km pipeline to bring gas 
from Alaska to the continental United States, and even if gas hydrates 
were to be successfully developed, the cost of transportation may be 
prohibitive. However, the situation changed when the N. America gas 
market get tight and several plans on gas pipeline from Alaska and 
Canada to the United States have been under intensive debate. The 
known gas resource on the North Slope, 35 trillion cubic feet (Tcf) are 
the energy equivalent to six billion barrels of oil, half the oil reserves 
in Prudhoe Bay. Up to 100 Tcf of gas could eventually be developed 
on the slope. This is not including the potential hydrate deposit under 
the permafrost and offshore Beaufort Sea. Due to its shallow 
depositional environment, hydrate can be a low cost energy source.  
 
To evaluate the costs and benefits of bringing natural gas from gas 
hydrates to markets, the knowledge of the hydrate physical 
properties and the technologies for their production would first have 
to be developed and tested.  Significant laboratory knowledge in gas 
hydrates is available, but the hands-on field experiences are few.   
 

Insufficient knowledge – Improving. While it is easy to 
create gas hydrates in laboratory experiments, there are few hydrate 
samples (both in pressurized and non-pressurized containers) from 
natural deposits. In 1998, the completion of a 1150 meters hydrate 
test well Mallik 2L-38 in the MacKenzie Delta, NWT, Canada have 
made significant improvement in the knowledge base of naturally 
occurring hydrates 3. The scientific project focused on geophysical 
measurements with limited hydrate coring. Approximately 37 meters 
of hydrate cores were recovered with very scarce publications on 
their test results. Such research requires the ability to recover, 
transport, prepare and analyze samples under controlled conditions 
identical to the ones in-situ. Currently there is no comprehensive 
program of this kind.  The insufficient knowledge about gas hydrates 
properties in natural environments is a serious handicap for the 
development of technologies to produce methane from gas hydrates.  
 

Absence of proven technologies – adopted and modified 
from existing industry. The Mallik well have employed several new 
and innovative coring designs and procedures with reasonable but 
limited success. There are several known technologies to extract 
natural gas from gas hydrates, mostly based on the use of techniques 
leading to the decomposition of the hydrates in-situ and the 
subsequent production of the gas by conventional or adapted gas 
wells.  For example, gas hydrates decompose when the pressure and 
temperature are beyond certain limits, or when inhibitors are injected, 
and the gas is released and can be produced by wells.   
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There is one known case where natural gas has been commercially 
produced from gas hydrates for a sustained period of time.  In 
permafrost onshore North Siberia in Russia, inhibitors were injected 
to cause the decomposition of the gas hydrates, and the released gas 
was produced at the Messoyakha gas field. Production was 
discontinued when it was judged uneconomic. In recent publications, 
the claim that the produced gas did actually originate from the gas 
hydrates, and not from free gas trapped under the gas hydrates in the 
Messoyakha field, has been disputed. It is inevitable that the hydrate 
production technology will be derived from the well-developed oil 
and gas practices. Under the contract terms with NETL/DOE, this 
research program will focus on the identification of the hydrate area, 
coring operation, test hydrate properties and monitor the wellbore. 
Production is only a secondary objective.  
 
Site Selection and Permitting 
 
Site selection is based on Anadarko proprietary seismic data and 
available public information from various well logs and temperature 
logs. The current selections of possible site are a balance between 
easy access to roads, potential hydrate thickness and safe operation 
conditions. Due to environmental concerns and regulatory 
stipulations in the Alaska Coastal and Foothill areas; the permitting 
processes are very lengthy. Other than the permitting requirements 
from the Federal and State agencies, local authorities, native and 
various citizen groups have to be informed of all drilling activities. 
The drilling season in the Arctic is only opened for the few months in 
winter. With all the logistic of mobilizing the equipment, the actual 
drilling window is very limited. Water and gravel usage to build ice 
road and site preparation is under rigorous control.  
 
Drilling and Coring 
 
Three straight holes will be drill and core from the permafrost through 
the hydrate zone. A small-footprint mining/coring rig will be used in 
the drilling and coring operation to minimize the environmental 
impacts in the tundra. Selection of coring equipment is underway 
with carefully planned operation procedures that meet all 
environmental and safety requirements. Fluid chilling will be used if 
the operational time frame will destabilize the hydrate core. Other 
than the thermodynamic properties, the kinetics reaction during 
coring of the hydrate is critical.  The time-dependent hydrate freeze 
and thaw cycle in the presence of coring fluid may provide a self-
preservation mechanism. Several drilling/coring fluids will be tested in 
the laboratory for its compatibility with the hydrate (laboratory 
simulated). The stringent requirement of the coring fluid will ensure 
and maximize core recovery. The data from laboratory measurement 
will feed into a computer wellbore simulator to ensure a safe 
operation. All equipment will be tested prior moving on location. 
Mud logging will be used to identify the hydrate stabilization zone. 
Gas and fluid compositions are good indicators. 
 

 
 

Fig. 1 Hydrate Evaluation Phase 
 
 
Core Preservation and Laboratory Testing 
 
The stability of gas hydrate is dependent on pressure, temperature 
and the solubility of gas as a function of pressure and temperature in 
the system. Understanding of the thermodynamic data of methane 
and other gas hydrates is very important from the view-point of 
preserving cores and exploiting natural gas production from hydrate 
wells. The hydrate handling experiences from various National 
Laboratories and the USGS indicated the stability of hydrate is more 
susceptible to changes in temperature than pressure during the time of 
coring and core preservation at the well site. During the coring 
operation, recovered cores will be kept at a specific (low) temperature 
to preserve its original properties by means of an insulated core 
holder. For longer term core storage, the hydrate cores will be kept in 
pressure core storage barrels and under proper temperature. 
Appropriate tests on-site and off-site using known laboratory 
techniques. 
  

Geophysical and Petrophysical Properties. While the 
centerpiece of laboratory testing has been to understand the seismic 
response of hydrate and fluids and seismic relationships with 
petrophysical parameters, data can also be generated for reservoir 
quality evaluation, seismic characterization, petrophysical evaluation, 
and hydrate reservoir mechanical/chemical stability evaluation. The 
laboratory is highly automated with high sample throughput 
capability.  

 
 Thermal Properties. The basic properties important for 
understanding the thermal state of the hydrate reservoir are 
temperature, thermal conductivity and thermal diffusivity 4. Time 
Temperature Transformation (TTT) profiles can be constructed from 
isothermal Differential Scanning Calorimetry (DSC) data. It will 
provide information about the complex nucleation and growth 
mechanism. This simple technique can be used to screen the 
efficiency of different chemical inhibitors. Results can provide heat 
flow Vs reference temperatures data with heats of fusion and 
crystallization resolving Ice and Hydrates distinctly 
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Table 1.  Hydrate Core Characterization Measurements 

 
Seismic Compression & Shear Velocities @various P & T 

 Elastic Anisotropy 
Petro - Porosity & Permeability @ various P &T (NMR)  

Physical Bulk and Grain Density 
 X-ray & FTIR Mineralogy 
 Laser Particle Size Analysis  

Engineering Compressive strength  
 Young’s Modulus 

Thermal Conductivity & Diffusivity 
 Heat of fusion 

Chemical  Carbon Isotope 
 Fluid & Gas Composition 

 
Open Hole Logging and Completion 
 
The basic sonic, SP and Gamma logs will be run after the cores are 
recovered. NMR is rather unique to apply in the investigation of 
hydrates. There are only two companies that can provide the NMR 
tool. Currently, only one will service the Alaska North Slope. The 
electronic logs will be analyzed in conjunction with the laboratory 
core testing results, the mud log data and seismic data. After the logs 
are done, these wells will be equipped with temperature strips and 
downhole pressure gauges for temperature and pressure profile 
monitoring. Various precautions will be observed to log the borehole 
temperature if fluids are accumulated inside the wellbore. Time will 
allow to let the wellbore to get in equilibrium with the surrounding 
formation. Simple techniques such as thermal stimulation will be 
applied to the wellbore to observe its respond.  
 
Conclusions 
 

The objective of this research project is to develop technologies 
that can be used for the continuation of a long-term product test at 
one or more hydrate sites in the arctic environment, and upon the 
confirmation of its viability, the immediate commercialization of the 
technology. The project is also expected to assess the natural gas 
reserves of gas hydrates resources in the arctic and the elaboration of 
recommendations to facilitate the commercialization of a vast, 
environmentally friendly source of fossil energy in Alaska and 
worldwide. 
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Introduction 
Natural gas storage is a subject of great interest to many 

industries and particularly for transportation. Compressed natural 
gas, liquefied natural gas and adsorbent natural gas are widely 
techniques used. The possibility of developing a convenient storage 
system based on hydrate has been explored for about ten years 
around the world [1-6]. Gudmundsson[2] has focused on the storage 
and transportation of gas as hydrate at atmospheric pressure since 
1990. Khokhar[3] used 1,3-dimethylcyclohexane and 
polyvinylpyrrolidone as additives to lower hydrate formation 
pressure. Also, Saito[4] used tetrahydrofuran or acetone, Rogers [5] 
used sodium dodecyl sulfate as accelerator to natural gas hydrates 
formation respectively. In this work, the effects of calcium 
hypochlorite on hydrate formation are investigated. The data shows 
that it can lower the degree of supercooling and enhance the 
relative cage occupancies. 
 
Experimental 

The schematic diagram of the apparatus is shown in Fig.1. 
The cell is cylindrical, immersed in a constant temperature water 
bath. Its inside diameter is 2.5cm, and the length is 4.5 cm, with a 
total volume of 24.3cc. A constant pressure regulator is equipped. 
The temperature of the cell was monitored with a platinum 
resistance probe accurate to ±0.1℃，and pressure was monitored 
via a 6.0Mpa gauge accurate to 0.4% of full scale. An electronic 
balance accurate to ±0.01g was used to detect the mass increment 
of the cell through the experiment.  
The methane was produced by Guangzhou Gas Factory, with a 
purity of 99.9%. Doubly re-distilled water was used. The calcium 
hypochlorite was pure grade, purchased from Shanghai Fouth 
Reagent Factory. 
All the experiments were carried out under 4.0MPa at 273.3K. 
Water, weights mw, and 1% (mass fraction) of calcium hypochlorite 
was loaded into the cell as condensed phase. Vacuum the system 
and weight the cell’s mass, expressed as m1. After the system was 
refrigerated to 273.3K, charge methane in. Then weight the cell 
every 3 hours until the mass, expressed as m2, does not change 
perceptible. The mass increments, Δm=m2-m1, in a series of 
experiments are listed in Table 1. 
For compare, data for water/methane binary system under the 
referred pressure and temperature were tested also. 
1. Results 
2.1 data processing[6] 
To calculate the storage capacity expressed as volume gas/volume 
hydrate (Vol/Vol) from the experimental data, trail and error 
procedures were applied. 
For ideal structure I hydrates, if all of the cavities were filled, the 
hydration number (water molecules per guest molecular) would be 
n =46/8. For methane, which formed structure I hydrate, the 
hydration number is related to the fractional filling of the large and 

small cavities, yL and ys, respectively as: 

sL yy
n

26
46
+

=           (1) 

And for a simple hydrate at 273.15K, yL and ys interrelates as: 

)1ln(
23
1)1ln(

23
34885.0 sL yy −+−=−   (2) 

The methane hydrate density(ρ ) may be calculated by the 
formula: 
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where, Nw  is the number of water molecules per unit cell; NAva , 
Avagadro’s number, 6.023 × 1023 molecules/mol; MH2O,CH4, 
molecular weight of H2O and CH4;yL, ys , fractional occupation of 
large/small cavity by CH4;νL,νs, number of large/small cavities 
per water molecule in unit cell; Vcell , volume of unit cell. 
A value of n may be estimated at 4.0MPa corresponding to 
273.15K for CH4. Equations (1) and (2) may then be solved 
simultaneously for yL and ys. Hydrate density can be calculated by 
Equation (3). 
Δm=ΔmH+ΔmC                      (4) 
Where Δm=m2-m1, is measured mass increment; ΔmH, the mass 
of the methane trapped in hydrate; ΔmC, the mass of the methane 
over the hydrate as compressed gas. 
Estimated a value of ΔmH, mw and ρare known quantity, the 
volume of hydrate can be calculated. Then ΔmC can be calculated 
by van der Waals equation, and get a new value of ΔmH. Use trail 
and error procedure to get the value of ΔmH corresponding to the 
hypothetical hydrate number. 
Then the hydration number corresponding to Δ mH can be 
calculated. Substitute the calculated n value to Equations (1),(2),(3) 
to calculate the density of the hydrate, ΔmH, until a new n. Go on 
the iteration utile the hydration number n is ultimately calculated. 
After n is calculated, ΔmH and Vol/Vol were calculated for each 
experiment.  
 
2.2 Results 
The experimental data and calculation results are listed in Table 1.  
Fig 2 describes the Vol/Vol value of a series of experiments. It is 
showed that mw range from 3.73 to 16.51, correspond to about 15% 
to 68% of the cell volume. When mw exceeds 8 grams, the Vol/Vol 
value tends to reduce slightly with the increasing of mw. It shows 
that the formation reaction was mass-transfer limited.  As shown 
in figure 2, the Vol/Vol value varies from 134 to 176. Averagely, 
151 volumes of methane (standard pressure and temperature) were 
trapped in one volume hydrate. Calcium hypochlorite has two 
evident effects on methane hydrate formation.  Firstly, it reduces 
the degree of supercooling. In these experiments for water/methane 
binary system, no hydrates were observed in 20 hours under the 
mentioned temperature. After calcium hypoclorite is introduced, 
typically the formation begin in 6 hours, but it seems to be 
stochastic. Secondly, calcium hypochlorite helps most of the water 
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molecules to form hydrates in a relatively short time under 
moderate conditions.  For different experiments, hydration 
number lies between 6.11 and 8.32. Its average magnitude is 7.36, 
indicating 78% of the large and small cavities in the lattices were 
occupied by methane molecules. The satisfactory effect of this 
compound makes the stabilization and transportation of natural gas 
as hydrates more feasible.  

Conclusion 

The potential of methane storage in hydrate form with calcium 

hypochlorite as additive was investigated. Calcium hypochlorite 

reduced the degree of supercooling on methane hydrate formation. 

It also helped most of the water molecules to form hydrates in a 

relatively short time under moderate conditions.   
The formed gas hydrates had the ability to store 134 to 176 

volumes of methane per volume of hydrate, averagely, 151, at 

273.3K and 4.0MPa. The hydration numbers of which were 

between 6.11 and 8.32. 
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Fig. 2.  Volume gas(standard conditions)/volume hydrate in a 

series of experiments 

 
Table 1. Summary of experimental data and results 

 
 
 
 
 
 
 
 

mw Δm ΔmH Vol/Vol Hydration Number 
3.73 1.07 0.45 149 7.40 
6.06 1.38 0.85 172 6.32 
7.88 1.6 1.14 176 6.11 

10.23 1.64 1.27 153 7.15 
11.1 1.67 1.33 149 7.40 

12.47 1.69 1.4 141 7.90 
14.9 1.9 1.71 143 7.75 

15.95 1.86 1.7 134 8.32 
16.51 2 1.87 141 7.85 
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Introduction 

Study of gas hydrates in porous media became a matter of 
interest for the following reasons. Practice of developing natural gas 
fields, in the regions of permafrost particularly, has revealed the 
probability of hydrate formation in the bottom hole zone that reduces 
the well productivity. Also, thermodynamic conditions in the Earth’s 
crust and in the World Ocean sediments may be such that they will 
favor the formation of large accumulations of hydrocarbon gases in a 
hydrate form.  

Among the factors influencing the equilibrium conditions of 
hydrate formation (temperature and pressure) in porous media, aside 
from gas composition and pore water salinity, one can point out 
mineralogical and granulometric composition and moisture content of 
a medium. Numerous investigations have been carried out in order to 
determine the equilibrium conditions of hydrate formation in the 
absence of a porous medium. Their detailed review is presented in [1]. 
However, the analysis of the few works where the effect of rock 
properties on the phase equilibrium of hydrates has been studied 
reveals the absence of reliable experimental data, the available ones 
contradicting each other in some cases [2 - 6]. For example, it was 
stated in one of the first works that hydrate formation temperature in 
the sand rocks is 2-5 K lower then that for a pure hydrate (in the 
absence of a porous medium) [2]. The experiments with the 
tetrahydrofuran hydrate have shown that the porous medium 
consisting of sand and glass spheres with the diameter of 1.0 and 0.1 
mm does not affect its thermophysical properties as well as its melting 
temperature [3]. A considerable shift of the phase equilibrium curve 
toward the lower pressure (about 50%) is observed during hydrate 
formation in water bentonite suspension [4]. On the other hand, a 
slight excess of the equilibrium pressure by 78 kPa in comparison with 
a pure hydrate at the same temperature has been observed during the 
experiments on methane hydrate formation and dissociation in natural 
water-saturated cores [5]. The experiments on hydrate formation in 
the clay rock have shown that the water layer the most tightly bound 
to the surface of particles has not been involved in hydrate formation 
[6]. Pressure and temperature of freon-12 and propane hydrate 
dissociation in porous media have been determined during the 
experiments on moisture migration during hydrate formation [7]. It 
has been established that dissociation pressure for the propane hydrate 
in the sand with the grain fraction of 0.1-0.25 mm and moisture of 
20% is 10-20 kPa higher than that for a pure hydrate. 
The aim of the present study is to investigate the effect of a type and 
moisture content of the porous medium on the phase equilibrium in 
the system hydrate – gas – water. 

 
Experiment 

Temperature of hydrate dissociation at a given pressure has 
been determined by the differential thermal analysis with the help of 
the laboratory device shown in Figure 1. In the duralumin heat unit 1 
there are two symmetric cells 2, 3 in the form of a cylinder where 
polytetrafluoroethylene ampules with the primary standard and the 
sample under the study are placed. The heat unit is inserted in a steel 
high-pressure chamber 4 where gas is injected through the input 

system consisting of a container 9 with a gas, valves 10, 11 and high 
pressure pipes. Pressure in the chamber is measured with the 
manometer 13. To measure temperature in the sample and 
temperature difference between the standard and the sample we use 
the combined thermocouple consisting of two differential copper-
constantan thermocouples 7, 8, cold junctions of which are placed in 
the Dewar vessel 6 at 273.15 K. Thermocouple readings are amplified 
(amplifiers 14, 15) and then, by means of the matching facilities, are 
transferred to the input of the multichannel potentiometer 16. 
Instrumental error of temperature measurements is determined by the 
error of the thermocouple graduation and that of thermoEMF 
(electromotive force) measurements and does not exceed ± 0.1K. 
Pressure in the chamber is measured by manometers, the error being 
less than ± 4 kPa. 

 

 
Figure 1. Sheme of the experimental device 

 
At this stage of the study we used, as a hydrate former, the 

dichlorodifluoromethane CCl2F2 (freon-12) with the volume content 
of 99.5 %. Freon-12 forms the hydrate of Structure II. The porous 
medium is the quartz and river sand with the fraction of 0.15-0.25 
mm, sand and clay mixture, obtained from the natural rock by sieving 
through the 0.08 mm sieve, and bentonite. According to the 
granulometric classification of dispersion media [8,9] the clay and 
sand mixture contains clay (<0.001 mm) and dust (0.001-0.05 mm) 
particles and fine-grained sand (0.05-0.08 mm). Bentonite is classified 
as highly disperse clay and consists of particles of <0.001mm size 
(85-90%). To remove water-soluble salts the samples are washed 
with hot distilled water followed by the analysis of the water extract 
in order to detect corresponding ions. Hygroscopic moisture of the 
samples is obtained by sorption during their keeping desiccators with 
pure water and solutions of sulfuric acid or kalium sulfate at 293 K 
within a month. The above method of moisture setting provides the 
most uniform distribution of water through the rock volume. 
Moisture content of the samples exceeding the maximum hygroscopic 
one is obtained by the contact method followed by their keeping in 
the in the desiccators with the distilled water within one or two 
weeks. Maximum hygroscopic moisture content is considered as 
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water quantity which rock absorbs from the environment at a relative 
moisture contentϕ =1.0. Moisture content of the samples (i.e. 

percentage relation of water mass in the rock sample to the mass of 
the dry sample) is measured by weighing. Mass of the dry sample is 
determined after its drying at 378 K. to a constant value.  

The experiments have been performed in the following way. 
The heat unit with a sample of a porous medium at a given moisture 
content and the standard are placed into the high-pressure chamber. 
Then, with the help of the pump through the valve 12 vacuum is 
created in the chamber after that it has been filled with the gas under 
pressure of 0.4-0.5 MPa. The chamber is slowly cooled in the 
thermostat 18 to 276 K, at which freon is in liquid state. Hydrate 
formation is initiated by the evaporation of liquid freon. As a result, 
the pressure of the gaseous freon exceeding that of hydrate 
dissociation at the given temperature is set in the working chamber. 
After two or three days the standard and the sample are subjected to 
heating so that the linear temperature growth occurs. In our 
experiments the rate of heating has been about 10-3 K/s. Hydrate 
dissociation is revealed by a sharp peak-like deviation of the curve of 
the temperature difference between the sample and the standard. It is 
known that in this case the sample temperature at the same moment is 
the temperature of the phase transition [10,11]. 

 
Results and discussion 

The data obtained for the temperature of the CCl2F2 hydrate 
dissociation are presented in Tables 1, 2. The experimental data show 
that at the same pressure the dissociation temperatures of the pure 
hydrate and the hydrate in the quartz and river sand are equal within 
the limits of a measurement error at moisture content of the sand 
being higher than that of the maximum hygroscopic one (Wmg = 0.96 
%). Moisture content interval under study is 0.96-20.0 %. At Wmg = 
0.96 % there is the drop of the temperature of hydrate dissociation in 
sand to T∆ =T0 - T = 0.8 K (T0 =279.4 K is the temperature of pure 
hydrate dissociation at P0 =123 kPa). 

 
Table 1. Conditions of CCl2F2 hydrate dissociation in the 

sand and clay and sand mixture 
T, K (clay and sand 
mixture at moisture 

content W, %) 

P, 
kPa 

T, K 
(pure 
hydrat

e) 

T, K 
(sand, 

W=3.2 %) 
29.8 11.2 8.3 

105 278.7 278.7 278.6 277.8 - 
123 279.4 279.4 279.4 278.6 277.5 
184 280.9 281.0 - 280.1 278.9 
255 282.4 282.5 282.4 281.6 280.8 

 
Similar dependence between the dissociation temperature 

and moisture content of the rock is observed for the hydrate formed 
from the pore water contained in the clay and sand mixture and 
bentonite. At moisture content W >Wmg=12.2 % for the clay and sand 
mixture and W >Wmg=43.3 % for bentonite dissociation temperatures 
of the pure hydrate and the hydrate formed from pore water are equal 
within the limits of a measurement error. At moisture content being 
less than that of the maximum hygroscopic one temperature drop of 
hydrate dissociation occurs, the lower the moisture content, the lower 
the temperature. If the dissociation temperature in the clay and sand 
mixture drops approximately by 2 K at W=8.3%, that in such a highly 
dispersion medium as bentonite drops by 2 K at W=39.8%. 

Statistical processing of the experimental data shows that 
the total error at measuring the dissociation temperature, represented 
by a confidence limit, is not more than ± 0.3 K at probability being 
equal to 0.95. 

 
 
 

Table 2. Conditions of CCl2F2 hydrate dissociation in bentonite 
T, K at moisture content of the rock W, % P, 

kPa 49.4 39.8 34.7 
105 278.7 276.8 275.7 
123 279.4 277.6 276.3 
184 280.8 279.4 278.1 
255 282.4 280.8 279.9 

 
There is a certain relation between the maximum 

hygroscopic moisture content and the specific surface of the porous 
media under study, i.e. the larger the specific surface, the higher Wmg. 
Thus, Wmg may serve as some peculiar characteristics of the rock 
dispersion.  

In the region of the hygroscopic moisture content of porous 
media water occupies mesopores due to the capillary condensation, 
i.e. at the pressure of the water vapor over the concave meniscus 
which is less than that of the saturated vapor over the flat surface. The 
reduced pressure of water vapor in such capillaries causes a 
temperature drop of hydrate dissociation in the porous medium as 
compared with the dissociation temperature of the pure hydrate. Thus, 
porous media at moisture content being less than that of the maximum 
hygroscopic one affect the phase equilibrium in the system hydrate – 
gas – water. The above effect manifests itself by a shift of the phase 
equilibrium curve in the direction of lower temperatures. The lower 
moisture content of the porous medium, the lower hydrate 
dissociation temperature. 
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Introduction
Natural gas clathrate hydrates, which exist under sea ground, are

recently known as big natural gas reservoir, and then expected as near
future energy resources1. In order to recover natural gas from them
commercially, in-situ dissociation of hydrate under sea ground is
needed. Moreover, in case of conventional petroleum drilling (riser
drilling), viscous fluids called “drilling mud” are used2, then
dissociating front of hydrate is prospected to contact with such fluids.
Therefore, the information about dynamic behavior of hydrate under
such condition is required. Though there are some fundamental
studies about hydrate dissociation3, practical behavior under such
condition is not well understood.

In this study, dissociation kinetics of methane hydrates in viscous
fluid, which have various viscosities, was investigated
experimentally. Artificial pellet shaped methane hydrates were
dissociated under isothermal, isobaric condition. The dissociating
boundaries were directly observed, and the dissociation rates were
obtained.

Experimental
Methane Hydrate Samples. The starting material was

methane hydrate powder prepared by ice-gas interface method at
270K and 10MPa for about 2 days. Spectroscopic analysis of the
sample material determined that more than 98% of cavities were
filled with methane gas4. With this hydrate powder, 12-mm-o.d. and
6-mm-thickness pellets of methane hydrate were produced under
pressure and temperature conditions of 30MPa and 193K,
respectively. The photograph of prepared hydrate pellet is shown in
Figure 1. Moreover, simple ice pellet was also prepared from pure
ice powder to confirm the adjustment of this experimental method.

XANVIS Solution. In case of raiser drilling system, viscous
fluid called “drilling mud” is used. Drilling mud usually consists of
water, some salts and viscous additive material made from a kind of
biopolymer. In this work, viscous additive material, XANVIS, was
supplied from TELNITE CO., LTD., and its solution in distilled
water was used as model mixture of drilling mud for ease. As shown
in Figure 2, XANVIS solution has non-Newtonian flow. And it also
suggests 1.0% solution had about twice viscosity to 0.4%solution at
whole shear rate.

Procedure. The schematic illustration of experimental
apparatus used in this work is shown in Figure 3. The optical cell has
an inner volume of about 2ml, maximum pressure of 15MPa and is
covered with sapphire window. The gas-liquid inlet, outlet and a
thermo-couple are also equipped with it. Prepared pallet was set in it,
and liquid cell was filled with XANVIS solution or water. Under
isothermal- isobaric conditions, sample pellet was dissociated in
XANVIS solution or water. The dissociating boundaries were
directly observed though optical window, and the time from start of

dissociation to disappearance of pellet was measured. Dissociation
rate was estimated from it.
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Results and Discussion
Mathematical model. The mathematical model used in this

work is based on simple one-dimensional thermal conduction5. Heat
supplied from inner wall of optical cell conduct though water to
hydrate (or ice) surface. Dissociation can be assumed to occur only at
the surface and the surface temperature can be assumed to be its
equilibrium temperature at each pressure condition. Thus, movement
of the water-hydrate (or ice) interface, X, with time, t, is given by,
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Here, aW is thermal diffusivity of water, rH is density of hydrate (or
ice), rW is density of water, lH is heat of dissociation of hydrate (or
ice), and CP, W is heat capacity of water. The measured porosity of

Figure 1.
Methane hydrate pellet
Height; 6 mm,
Diameter; 12 mm
Weight; 0.48-0.52 g
Porosity; 0.16-0.23

5 mm

Figure 2. Viscosity of XANVIS solution.
Viscosity was measured by rotary type
viscometer at 279.15K.

Figure 3.  Schematic illustration of experimental apparatus.
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hydrate e was about 0.195. T0 is the experimental temperature, and
TD, the hydrate (or ice) dissociation temperature, is set by the applied
pressure. The adjustments of this model to experimental results,
which were obtained from ice-water (XANVIS 0%) system, hydrate-
water (XANVIS 0%) system, and hydrate-XANVIS solution system,
were evaluated below.

Dissociation rate of Ice-Water system. Time required for
vanish the ice pellet at each temperature is shown in Figure 4.
Experimental result shows exponential trend; the time become long,
as dissociating condition become close to equilibrium (273.15K,
0.1MPa).  Vanishing time obtained from experiment and calculated
value with eq. (1) show same trend and each value show reasonable
agreement in error by 1.3min.
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Figure 5 shows time required for vanish the hydrate pellet in each
pressure-temperature-viscous condition. Each symbol represents
experimental value. Lines represent obtained value from model
calculation of hydrate-water (XANVIS 0%) system. Each value
shows same exponential trend; the time become long, as dissociating
condition become close to its equilibrium condition. On hydrate-
water system, experimental results and calculated value show
reasonable agreement at relatively low-pressure. However,
experimental results show larger value than calculation, as the
condition become cloth to equilibrium. At higher XANVIS
concentration, obtained vanishing time took large value. This trend is
shown at whole pressure condition.
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Observed Dissociating boundary. Dissociating hydrate
surfaces in three different viscous fluids are shown in Figure 6.
Dissociating surface of ice is appended for comparison.  During
dissociation, though almost no bubble were shown on ice surface (see
Fig.6 a), whole surface of each hydrate was covered with methane

bubbles, which were generated by hydrate dissociation. In case of
hydrate-water system (XANVIS 0%), small bubbles moved away
from hydrate surfaces rapidly (see Fig.6 b). For 0.4% XANVIS
solution, generating bubbles moved through the fluid slowly, then
small bubbles combined each other to become relatively large one
(see Fig.6 c). In case of 1.0%, bubbles moved very slowly on hydrate
surfaces, and its sizes became large compared with former two cases
(see Fig.6 d).

Since existence of bubbles causes thermal resistance, vanishing
time is considered to become late. On the contrary, moving bubbles
draw convection heat transfer. Then, it seems to accelerate the
dissociation. On the other hand, influences of bubbles are neglected
in the mathematical model. Therefore, it is considered that influence
of bubbles is one of primary factor of misfit of calculated value to
experimental results in hydrate-water system. At higher XANVIS
concentration, it was also considered that the trend; vanishing time
shift to long as concentration, was caused by the bubbles. Of course,
the influence of heat capacity change of solution needs to be
investigated.

Conclusion
  Experimental results, which were obtained from simple ice-water
system, fitted well to model calculation. In case of hydrate-water
system, it was considered that influence of bubbles is one of primary
factor of the misfit of them. The bubble influence was also seemed to
affect on dissociation in hydrate-XANVIS solution system. We
attempt to construct more practical model, considering to the
influence of bubbles and so on.
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Introduction 

Gas hydrates are very attractive from both resources and 
environmental aspects. CO2 gas hydrate can be utilized to develop 
methane gas hydrate as an important energy source in the near future. 
When producing methane gas from gas hydrate reservoirs at 
permafrost area, the injection of CO2 might be used to promote the 
gas production by replacement, and to maintain the stability of strata 
due to the formation of CO2 gas hydrate. In addition, the 
sequestration of CO2 mass can be performed in the process of gas 
hydrate production. An experiment on the formation of CO2 gas 
hydrates was carried out under low temperature below melting point 
of ice, using a specially designed cell-type apparatus. To observe the 
nucleation and formation process, CO2 gas was introduced to the ice 
crystals in a pressure cell at a condition of high pressure. Raman 
spectrometry was used to measure the rate of formation based on 
Raman analysis due to the dynamic behavior of guest molecules. As a 
result, it was found that the rate of formation of CO2 gas hydrate 
depends on various conditions, such as temperature, pressure and 
diameter of ice crystals. The mechanism of the formation of CO2 gas 
hydrate under low temperature was also discussed, based on the 
results of Raman analysis. 
 
Experimental 
Apparatus. The experimental apparatus was specially designed and 
equipped for the formation and replacement of gas hydrates. It can be 
used under the various conditions that pressure, temperature and 
concentration of gases are precisely controlled. Fig.1 illustrates the 
schematic diagram of the apparatus and measuring system used in the 
experiment. The pressure cell, made of stainless steel with a 3.2 ml 
internal volume, can be used at a pressure condition of up to 20 MPa. 
It contains a glass window for observing Raman scattering of 
monochromatic lights, a thermoelectric temperature control module, 
and some nozzles for the introduction of gas and liquid components. 
The pressure cell is installed on a constant temperature plate filled 
with a cooling agent methanol, where the temperature can be 
controlled with an accuracy of ±0.1 K. It is equipped with transducers 
for detecting and controlling pressures with an accuracy of ±0.05 
MPa.  
Measuring Methods. The observation system of the Raman 
spectroscopy and a CCD camera are mounted in the apparatus. The 
mechanism and theoretical background of Raman analysis are 
described in Fig.2.  The figure also shows the molecular model of 
CO2 gas hydrate. Macro mode is applied for the measurement of 
Raman spectroscopy, in which Ar laser is emitted to the sample. In 
this experiment powder-like fine ice crystals were placed in the 
pressure cell for the starter of gas hydrate. The average diameter of 
the crystals is about 9 micro meters. CO2 gas was introduced into the 
cell and the pressure was controlled to a value of a little higher than 
the equilibrium pressure. During the nucleation and crystal growth of 
CO2 gas hydrate, Raman spectra were measured and analyzed to get 
the data of Raman shifts. As the strength of Raman shift is 
proportional to the concentration of guest component, the formation 

rate can be calculated by the relative strength.  In this experiment 
temperature condition was changed to the range between –18.5 deg. 
C. and 0 deg. C..  The pressure condition in the formation process of 
gas hydrate was set to a constant value of 1.6 MPa.   
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig.1 Experimental apparatus and measuring system of Raman 
spectroscopy. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 2  Molecular model of CO2 gas hydrate and the mechanism of 
Raman measurement.       

 

 
Results and Discussion 
In-situ measurement of formation process. As a typical result of 
measurement, Fig.3 shows the trend of Raman shifts observed in the 
formation of CO2 gas hydrate under a condition of –8.7 deg. C. and 
1.6 MPa. Four peaks of Raman shift appeared as a result of Raman 
analysis in the process of guest molecule trap into the cages.  The left 
hand peaks reveal the existence of  CO2 in large cage. It was found 
that the strength of the peaks gradually increased with time, and 
especially the rate of increase was quite large in the first stage of the 
formation, such as within 10 minutes. In this duration the formation 
mechanism is nucleation or transformation from ice to gas hydrate.  
Formation rate of CO2 hydrate vs Temperature.  The comparison 
of time growth of the strength was made for the formation of CO2 gas 
hydrate under the temperature condition that was changed between –
18.5 deg C. and 0.5 deg. C.. Fig.4 shows the relative strength of 
Raman shifts, in which the effect of temperature on the formation rate 
of CO2 gas hydrate from ice crystals was described.  From the result 
it was found that the rate of formation was very large in a condition 
of  -0.5 deg C., compared with other conditions below –3.8 deg. C.. 
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Growth rate by bulk-scale experiment.  The bulk-scale experiment 
for the formation of CO2 hydrate was conducted using a pressure 
vessel with a volume of 200 mL. The rate of formation was obtained 
to measure the consumption of CO2 in the process of transformation 
into gas hydrate. Fig.5 illustrates the time growth of CO2 gas hydrate 
for the bulk-scale experiment. The vertical axis means the consumed 
gas mole per mole of water. It is clear that the process of formation 
divides into two stages, especially in the case of temperature around 
meting point of ice. In other words, the formation of gas hydrate is 
very fast in the first stage of time growth within 200 minutes. 
However, the rate of formation became slower in the second stage of 
time growth. The result of this experiment agrees well with the result 
of Raman analysis, so that the rate of formation shows the maximum 
under a temperature condition between –1 to –2 deg. C.  

The result suggests that the nucleation phenomena or mechanism of 
CO2 gas hydrate formation dramatically changes around the melting 
point of ice. This kind of effect is very much singular because in a 
normal situation the formation rate might increase as the temperature 
becomes lower. It is considered that the effect is caused by the 
existence of quasi-liquid layer at the interface of gas and hydrate 
sample. The liquid-like layer might accelerate the nucleation of gas 
hydrate and the rate of formation has a close relation with the 
thickness of the layer.  
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The mechanism of time growth. Based on the results of Raman 
analysis and bulk-scale experiment, the mechanism of crystal growth 
and the resulted rate of formation of CO2 gas hydrate can be 
qualitatively discussed. The most important factor in the first stage is 
considered to be the existence of liquid-like layer around the 
nucleation area. The thickness of the layer depends on the condition 
of temperature and ice surface. It makes sense to explain the effect of 
temperature on the formation rate of gas hydrate. On the contrary, the 
controlled factor might be the diffusion coefficient of gas between ice 
and hydrate, because the rate of formation became slower with time 
due to the blocking of gas transport through media. By the 
quantitative evaluation using a mathematical model, the rate of 
formation can be calculated as factors of temperature, pressure and 
other parameters. These kinetic data and the mechanism of crystal 
growth are very important to evaluate the formation behaviors of CO2 
gas hydrate under the real environment, such as marine sediments 
and permafrost.  

 
Fig.3  Raman spectra of CO2 gas hydrate obtained every 30 minutes. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  

 
Conclusions 
       The direct measurement by Raman spectroscopy is very effective 
to obtain  kinetic data of gas hydrate formation. The rates of CO2 gas 
hydrate formation were measured by Raman analysis and bulk-scale 
experiment as a fuction of temperature. The result showed that the 
effect of temperature on the gas hydrate formation was nonlinear and 
singular. It is suggested that the effect is due to the kinetic behavior 
of ice crystal and gas hydrate. The rate of CO2 gas hydrate formation 
can be estimated to develop the kinetic model of ice and hydrate. 
More scientific research is needed to make clear the phenonenon.    

 
 Fig.4  Time growth of relative strength obtained by Raman analysis 

as a parameter of temperature.  Acknowledgment 
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Introduction 

Gas hydrates are ice-like crystalline compounds that are formed 
by the combination of water molecules with gas molecules under 
suitable conditions of pressure and temperature. Water molecules 
form a lattice structure with cavities that are occupied by gas 
molecules. There is no chemical union between the water and gas 
molecules. The water molecules that form the lattice are strongly 
hydrogen bonded with each other and the gas molecule interacts with 
water molecules through van der Waals type dispersion force1. 

In the industry, there is an increasing tendency to exploit 
hydrocarbon reserves at increasing depths in the oceans and with 
increasing distances for pipeline transportation in both horizontal and 
vertical directions. Due to this extended exposure of the water-
containing unprocessed hydrocarbon fluid to low temperatures and 
high pressures, the handling of the hydrate problems in such 
transport lines has become a more integral part of the petroleum 
industry. Since large percentages of alcohol have to be added, an 
economic incitement towards more effective inhibitors has evolved. 
The focus over the last few years has been directed towards slowing 
down the process of hydrate formation, kinetic inhibition. In this 
context studying the fundamental kinetics of hydrate formation is 
importance. 

Hydrate inhibitors are classified into three groups: 
Thermodynamic inhibitors, kinetic inhibitors and anti-agglomerates. 
Thermodynamic inhibitors are used at high concentrations (10-60 wt 
%), kinetic inhibitors and anti-agglomerates are added at low 
concentrations (<1 wt %). The latter do not affect the 
thermodynamics of hydrate formation, however, they do delay 
hydrate nucleation and/or crystal growth. Anti-agglomerates prevent 
the agglomeration of hydrates so that all the hydrate crystals are 
transportable in a pipeline. Both kinetic inhibitors and anti-
agglomerates are usually polymers with surfactant properties2. 

The inhibition mechanism of polymers and surfactants is 
proposed as follows: Active molecules are found to adsorb strongly 
to the surface of a propagating hydrate crystal or pre-nuclear hydrate 
like clusters. In this process, they change the energy of the surface of 
hydrate crystal or cluster and so change its growth characteristics3. 
The poly(N-vinyl pyrrolidone) (PVP), poly(N-vinylcaprolactam) 
(PVCap), poly(N-methyl-N-vinylacetamide) (VIMA), poly(N-
vinylvalerolactam) (PVVam) and poly(acryoylpyrrolidine) (PAPYD) 
are some examples of known and patented inhibitors4. 

In this study hydrate inhibition potential of different polymers 
have been tested in a high-pressure apparatus at high pressures and 
low temperatures with varying polymer concentration. A known 
hydrate inhibitor, poly(N-vinylpyrrolidone) (PVP) and a water 
soluble thermoplastic polymer (PEO) were determined the best 
kinetic inhibitors among them. 
 
Experimental 

Set-Up. A high-pressure system, whose schematic diagram is 
given in Figure 1, is used to carry out hydrate formation tests. A 
cylindrical high-pressure reactor with dimensions of 3.4 cm in 
diameter, 15 cm in length is the main piece of experimental set-up. Its 
total available volume is 142 cm3 including connections. It is made of 
brass and tested up to 1200 psi. The high-pressure cell is placed into 
a constant temperature bath made by plexiglass allowing the 
observation of the system easily. A temperature controller and a 
refrigerated chiller are immersed into the water bath to provide 
temperature control during tests. A thermocouple (with an accuracy 
of ±0.2 °C) and a pressure transducer (with an accuracy of ±1 psig) 
are connected into the high-pressure cell to measure cell temperature 
and pressure. They are connected to a data-logger and a personal 
computer to record the temperature and pressure as functions of time. 
A motor at the outside of the bath is attached to the cell to provide 
rocking, and a glass marble is placed into the cell to stir and agitate the 
liquid inside. The speed of the rocking system was kept at 30 RPM; 
temperature and pressure are recorded every 10 seconds throughout 
this study. Methane gas that has 99.5 % purity was used as hydrate 
former gas. Aqueous polymer solutions were prepared in pure water. 
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Figure 1. Schematic representation of experimental set-up. 
 

Procedure. After making the necessary connections (gas, water, 
and vacuum lines, thermocouple and pressure transducer connections) 
to the high-pressure cell, the system is evacuated. Then, aqueous 
phase is injected into cell and the cell is pressurised by methane gas. 
After reaching in equilibrium at initial pressure and temperature 
conditions (Table 1), the system is cooled down to hydrate 
formation temperature without rocking meanwhile data collection is 
started. Rocking process is started to agitate the solution in the cell to 
initiate hydrate formation at predetermined hydrate formation 
temperature. At that point, the cell pressure already decreased from 
700 psig to 662 psig due to cooling and dissolution of methane gas at 
low temperature. Details of the experimental procedure can be found 
from Karaaslan5. 
 

Table 1 Experimental Conditions 
 

Test
No 

weight 
(%) 

T initial 
(°C) 

P initial 
(psig) 

T rocking 
(°C) 

P rocking 
(psig) 
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T-1 pure water 15 700 3 662 
T-2 0.010 PVP 15 700 3 662 
T-3 0.100 PVP 15 700 3 662 
T-4 0.500 PVP 15 700 3 662 
T-5 1.000 PVP 15 700 3 662 
T-6 0.010 PEO 15 700 3 662 
T-7 0.025 PEO 15 700 3 662 
T-8 0.050 PEO 15 700 3 662 
T-9 0.100 PEO 15 700 3 662 
T-
10 

1.000 PEO 15 700 3 662 

Results and Discussion 
Kinetics. Rocking of cell inside hydrate formation region triggers 

hydrate formation and a decrease in pressure is observed. Pressure-
temperature data of each test through real gas law are used to calculate 
the moles of remaining free gas in the cell during methane hydrate 
formation. Moles of free gas in the high-pressure cell as function of 
time for pure water (0.00 %), PVP and PEO solutions are given in 
Figure 2 and Figure 3, respectively. As it is seen from the Figure 2, 
number of moles of free gas decreases with time for pure water due to 
hydrate formation. On the other hand, there is almost no change in 
moles of free gas when 0.1, 0.5 and 1 weight % of PVP solutions are 
used as hydrate forming media. Although 0.01 weight % PVP solution 
retarded the hydrate formation for a period of 40-45 minutes, after 
that time the hydrate formation accelerated, indicating that the 
inhibitor lost its efficiency. 

As seen from Figure 3, the tests with PEO solutions show the 
same behavior as PVP tests. It is obvious from figure that PEO is an 
effective inhibitor as compared to the pure water experiment. Free gas 
consumption is less for all concentrations than observed with pure 
water (0 weight %). The highest inhibitor efficiency was determined 
at and higher concentrations of 0.1 weight % PEO solution. Free gas 
versus time plots also show that hydrate inhibition efficiency of PEO 
increases with increasing concentration. 
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Figure 2. Methane hydrate formation with 0, 0.01, 0.1, 0.5 and 1 
weight % PVP solutions. 
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Figure 3. Methane hydrate formation in 0, 0.01, 0.025, 0.05, 0.1 and 
1% PEO solutions. 
 

Hydrate Formation Rates. Rate of change of free gas mole is 
used as an indicator for the hydrate formation rate. If the Cartesian 
plot of free gas mole versus time shows an exponential behavior it is 
an indication of a first order reaction. If the same data is plotted as 
natural logarithm of free gas mole versus time, the resulting line 
should fit a straight line. Figure 4 gives the Cartesian plot of the 
experimental data for the test with pure-water (T-1). As observed, it 
exhibits an exponential behavior from which a first order reaction can 
be assumed. 
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Figure 4. Cartesian plot of free gas versus time for the test with pure 
water (T-1) 
 

A first order reaction equation is defined with the following 
expression; 

kt
0eNN −=   (Equation-1) 

Where, N: Total number of moles at any time t; N0: Initial 
number of moles; k: Rate constant, sec-1; t: Time, sec. 

When the natural logarithm of above equation is taken, the slope 
of ln(N) versus time graph is equal to rate constant k. When the 
derivative of the N with respect to time is taken, it will give the 
decrease in free gas content rate and it is relative to the hydrate 
formation rate so after that point it is going to be called hydrate 
formation rate. 
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kt
0keN

dt
dN −−=   (Equation-2) 

Thus, hydrate formation rate can be calculated at a specified time 
by Equation 2. First 30 minutes data of all experiments after the start 
of rocking are used to estimate the rate constants and hydrate 
formation rates. 

Semi-logarithmic plot of the same data of Figure 4 is presented in 
Figure 5 showing a linear behavior. Its best fit as a straight line has a 
correlation coefficient very close to unity. The slope of the straight 
line, 3.653E-05 for this case, is the rate constant with a unit of sec-1. 
The rate constants and hydrate formation rates for all of the PVP and 
PEO experiments were determined and they are tabulated in Table 2 
and Table 3, respectively.  
 
Table 2. Methane Hydrate Formation Rates with PVP Solutions 
 

PVP (weight %) k (sec-1) Rate (lb-mole/sec) 
0.000 3.653E-5 1.37E-8 
0.010 3.540E-6 1.37E-9 
0.100 4.735E-6 1.83E-9 
0.500 2.457E-6 9.54E-10 
1.000 2.398E-6 9.65E-10 

y = -3.653E-05x - 7.820E+00

R2 = 9.983E-01
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Figure 5. Semi-logarithmic plot of free gas versus time for the test 
with pure water (T-1) 
 
Table 3. Methane Hydrate Formation Rates with PEO Solutions 
 

PEO (weight %) k (sec-1) Rate (lb-mole/sec) 
0.000 3.65E-5 1.37E-8 
0.010 5.94E-6 2.35E-9 
0.025 3.00E-6 1.19E-9 
0.050 1.90E-6 7.58E-10 
0.100 2.39E-6 9.52E-10 
1.000 2.83E-6 1.12E-9 

 
Hydrate formation rates in tables are in ascending order. As it is 

seen, for all of the concentrations of PVP and PEO formation rates are 
less than that of pure water. Figure 6 and Figure 7 present the 
hydrate formation rates in graphical form. As seen from Figure 6 and 
7, the lowest methane hydrate formation rate (calculated from first 30 
minutes of data) is about 14 times for PVP and about 18 times for 

PEO less than pure water experiment. Those results show that PEO 
is a good candidate of hydrate inhibitor. 
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Figure 6. Methane hydrate formation rate with 0, 0.01, 0.1, 0.5 and 1 
weight % PVP solutions. 
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Figure 7. Methane hydrate formation rate within 0, 0.01, 0.025, 
0.05, 0.1 and 1% PEO solutions 
 
Conclusions 

The following conclusions can be drawn from the analysis of 
experimental data of this study. 

A known, patented hydrate inhibitor, PVP, was used to test the 
performance of experimental set-up and procedure of this study. The 
results showed that PVP is a good methane hydrate inhibitor and the 
experimental set-up and procedure are suitable for testing hydrate 
inhibition analysis. 

PEO exhibits hydrate inhibition characteristics as a concentration 
of as low as 0.1 weight % and has not been known as a hydrate 
inhibitor until this study. This study shows that PEO prevents the 
methane hydrate formation within the first 60 minutes period from 
the start of rocking. After that period of time hydrate formation rate 
is still very low with respect to experiment carried out with pure 
water and methane gas. As a result, PEO is a good candidate of 
methane hydrate formation. 

Since PVP is labelled as carciogenic, PEO can be a better 
candidate for hydrate inhibition in terms of health and safety 
considerations. 
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Introduction 

Biochemical pathways offer a rich source of new biomass derived 
building blocks.  For example, the well known citric acid cycle is the 
central process in cellular respiration, and proceeds through 2-
ketoglutaric acid (2-KGA) as a key intermediate. In most organisms, 
2-KGA is a relatively transient intermediate in the metabolic process. 
However, some organisms do not possess a complete cycle, and stop 
at 2-KGA, allowing it to accumulate. Certain bacteria have been 
described as useful for the production of 2-KGA.1 In addition, 2-KGA 
is an intermediate in the fermentative production of MSG, a large 
scale commercial bioproduct.2 We wish to describe our preliminary 
results in the use of 2-KGA as a monomer in the production of new 
polyesters, and as a starting material for the synthesis of new 
renewables based chemical building blocks. 
 
Experimental 

Materials and Methods. All reagents were commercially 
available and used as received. GPC was carried out using 3 columns 
(300 x 7.8 mm each, Polymer Laboratories) connected in series, 
containing polystyrene-divinylbenzene copolymer gel (10 µm diameter 
particles) with nominal pore diameters of 104, 103, and 50 Å.  The 
samples (about 50 µg sample/injection) were eluted with HPLC grade 
THF, at a flow rate of 1.0 mL/minute and were monitored by UV 
(220-400 nm) and RI. The columns were calibrated with polystyrene 
standards ranging in molecular weight from 580 to 2 x 106 (Polymer 
Laboratories). Mn and Mw were calculated using PL Caliber 
GPC/SEC Software (Polymer Laboratories). Glass transition 
temperatures (Tg) were measured on a DSC instrument (TA 
Instruments), using the transient method between -100 and 200oC at a 
scanning rate of 20o/min. Tg was designated as the temperature at half 
height of the transition shift. Variable amplitude cross polarization 
13NMR spectra were taken using a 2ms contact pulse ramped 1dB and 
a 1s recycle delay time.  Single pulse 13C spectra were acquired using 
a 90o tip pulse and a 50 sec recycle delay time. For the single pulse 
experiments, the longest relaxation times were measured to be 10s 
using an inverse recovery pulse sequence. 

General procedure for the production of 2-KGA based 
polyesters. 2-KGA (1 eq) was mixed neat with the diol components 
(1.01 eq) and 1% p-TsOH.  The mixture was heated for three 
sequential 24h periods, first at 105oC, then 130oC, and finally 150oC. 
 
Background 

The use of renewable raw materials as feedstocks for chemical 
production is continually suggested as offering several advantages 
over conventional petrochemical feedstocks, including a lowered 
demand for diminishing crude oil supplies, greater sustainability of the 
raw material source, the ability to recycle CO2, the security of 
domestic feedstock supplies, and a source of new, structurally 
interesting building blocks with new properties and applications.3 

Yet, despite these advantages, the huge majority of chemicals in 
the marketplace is not biomass derived.  Although there are a few 
large scale examples of renewables based industrial production (the 
corn wet milling industry, production of EtOH, or the pulp and paper 
industry),4 most chemical production is still based on petrochemicals. 

Frequently, the dearth of renewables in the chemical feedstock stream 
is blamed on cost. Biomass based materials are normally assumed to 
be more expensive to use than existing petrochemicals.  However, a 
closer examination indicates that cost is not nearly as large an issue as 
is commonly assumed.  Many of the chemical building blocks available 
from biomass can be obtained at costs that are very competitive with 
existing building blocks in the chemical industry.  Moreover, even the 
primary raw materials can be competitive on both an energy and 
weight basis when raw material costs are considered. Other factors, 
such as processing, collection, or transportation may be important, but 
are frequently minimal in comparison to the raw material costs.5 

Other issues have been seen as hindrances to the existence of a 
large scale biobased products industry. In a very broad sense, either a 
petrochemical based industry or a biomass based industry faces issues 
of supply, separation, and conversion. To a first approximation, issues 
of supply and separation are solved for both the biomass and 
petrochemical industry. In contrast, processes for raw material or 
building block conversion are significantly better understood for 
petrochemical based starting materials. Many of these processes are 
highly efficient, and proceed in very high yield.  Many of the products 
can be made from several different routes.  Importantly, most of these 
processes are thoroughly understood at the molecular level. The 
amazing process control that is the hallmark of many industrial 
processes is achieved through a deep understanding of discrete 
chemical mechanism of transformation. Most of these features are not 
well developed in the biobased products industry. 

Accordingly, we have been investigating new methodology to 
improve the technology available for the conversion of renewable 
building blocks into chemicals. This investigation includes the 
identification of new building blocks, and new synthetic methodology 
to convert these building blocks into chemicals. We have recently 
started to investigate production of new polymeric materials based on 
the synthetic roadmap shown in Figure 1. 
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Figure 1.  Reaction matrix for 2-KGA and derivatives 
 
Results and Discussion 

The renewable raw materials used for this scheme are 
carbohydrates, leading to 2-KGA or glutamic acid, available through 
bioprocessing.6 Importantly, these initial building blocks can be 
converted into an even larger family of renewables based materials 
through simple chemical transformations.  Our initial investigation has 
looked at the use of these materials in the production of renewables 
based polyesters (Figure 2).  
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Figure 2. Production of linear polymers 
 

Reaction of glutaric acid with 1, 4-butanediol between 140 – 
190oC in the presence of catalytic p-TsOH results in the formation of 
a clear, light yellow rubbery material, presumably with the linear 
structure shown. Substitution of succinic acid as the diacid component 
leads to a stiffer material.  We have carried out a number of 
polymerizations under these conditions, varying both the diacid and 
diol component, and find that we can produce polymers with 
reasonable molecular weights (Mw ~20,000 – 40,000; Mn ~10,000 – 
20,000). 

Substitution of the diacid component with 2-KGA introduces 
some profound changes in the polymerization process. The presence 
of the 2-keto group would be expected to introduce new electronic 
and structural variations in the process, leading to differences in 
reactivity.  For example, the conditions initially used for production of 
the linear polymers of Figure 2 lead to formation of dark intractable 
materials when 2-KGA is reacted with 1,4-butanediol.  We have found 
that a three stage process (see Experimental Section) is much more 
effective for production of polymers based on 2-KGA (Figure 3).   
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Figure 3. Polyester formation from 2-KGA and possible crosslinking 
mechanism 
 

Changing the diol component from 1,4-butanediol to 1,3-
propanediol leads to a stiffer material.  As with the linear polymers, 
the molecular weights of these materials are also reasonable. Further 
heating of these materials to 165oC for several days results in a steady 
increase in the Tg. 

In contrast to the initial linear polymers, polyesters based on 2-
KGA become insoluble after heating for about 5 hours, indicating the 
presence of a crosslinking process. Several possible mechanisms to 
account for this crosslinking are possible, each centering upon a 
proposed initial reaction between the keto group of 2-KGA and the 
diol component of the polymerization.7 We have investigated this 
reaction by solid state NMR, and observe a fairly smooth transition 
with time from the starting monomeric components to a crosslinked 
material that gives signals consistent with this mechanism. We have 
also tried to identify the initial reactions of the polymerization process 
by studying the solution esterification of 2-KGA with n-BuOH.  
Preliminary results indicate that the BuOH component shows little 
preference for one acid group over the other. 

Finally, we have been studying the chemical conversion of 2-
KGA into other building blocks (Figure 4) and find that some simple 

transformations can lead to a much wider family of starting monomers 
for chemical production. Future work will include incorporation of 
these monomers into new renewables based polymeric materials. 
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Figure 4. Transformations of 2-KGA into additional building blocks 
 
Conclusions 

Renewable feedstocks derived from well known biochemical 
pathways can be useful building blocks in the production of new 
materials. 2-KGA forms novel crosslinked polyesters upon reaction 
with diols.  Future work will expand this process to a wider range of 
monomers and polymers. 
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Introduction 

Wheat is the second largest agricultural commodity in the United 
States, with a net production of 56.1 million tonnes in 1995 (2.1 
billion bushels).   About half is exported, and, of the balance, 85% is 
dry-milled within the U.S. to produce 17.8 million tonnes of flour.  
The remaining 5.9 million tonnes consist of low-value byproducts, 
which are mostly disposed as animal feed.  These byproducts, 
collectively referred to as millfeed, are made up of the bran, the germ, 
and a portion of the endosperm, which also contains a significant 
amount of starch not recovered in the milling process.  A rough 
calculation suggests that millfeed is composed of up to 35% starch 
that originated from the endosperm. 

Millfeed is not a single homogeneous stream but a collection of 
several streams from the process of making flour.  It contains about 
75% carbohydrate, 17% protein, 3% fat, and 5% mineral matter, but 
its composition varies, depending on the variety of wheat being 
processed.  Millfeed production also varies slightly, depending on mill 
operation and variety of wheat.  Flour extraction ranges from 73 to 
77%; thus, the average amount of millfeed generated is about 25% by 
weight of the wheat introduced to the mill.   

The process described in this paper is being developed to recover 
the starch-rich product from millfeed; process it to glucose; and 
convert the glucose into a commodity product, such as polyol or lactic 
acid.   Processing the glucose from the extracted starch for polyol 
production is based on catalytic hydrogenation to sorbitol.  Lactic acid 
production is based on fermentation of the millfeed-derived glucose. 

In either pathway (catalytic or fermentation) to value-added 
products, the residual millfeed will also be an important consideration.  
By extracting the starch from the millfeed, the quality of the remaining 
material as animal feed may actually be increased by concentrating the 
protein content.  The improved value of this starch-extracted millfeed 
has undergone preliminary evaluation, but needs to be validated in 
animal feeding tests. 
 
Experimental 

Glucose Production from Wheat Millfeed.  Bench-scale 
testing was conducted to optimize the process and provide the 
foundation for a process to effectively recover the starch and convert 
it to glucose.  The process optimization testing incorporated a 
systematic approach of evaluating each key processing step in the 
order that it appears in the process; Figure 1 illustrates those steps.  
The millfeed used for these tests was a soft white winter wheat all 
inclusive without screenings.  Once the individual unit operations were 
tested separately, the optimized conditions were tested together to 
arrive at an integrated starch extraction process.   

A specified amount of water was added to a 250-mL flask, and 
then placed in an incubator (and constantly shaken) for heat-up to a 
predetermined temperature.  Millfeed was then added to the 250-mL 
flask, and it was placed back into the incubator for a predetermined 
time (initial water wash).  The millfeed slurry was then removed 
from the incubator and coarse filtered via vacuum filtration for 
10 min through a 4-in. Buchner filter (no filter paper used).  The filter-
cake from the coarse filtration was dried and retained for analyses.  
The filtrate was collected, pH-adjusted if necessary, and placed back 
into the incubator for heat-up to a predetermined liquefaction 
temperature.  After reaching, the specified liquefaction temperature, 
α-amylase was added, and liquefaction was initiated.   

Following the liquefaction step, the incubator temperature was 
adjusted to a predetermined saccharification temperature, and pH 
adjustments were made if necessary.  After the desired saccarification 
temperature was reached, glucoamylase was added to the solution, 
and it was placed in the incubator for a specified saccharification time.   

Following a specified time, the product from saccharification was 
removed, and again filtered.  This second filtering operation, termed 
fine filtration, was conducted via vacuum filtration for 10 min, using a 
4-in. Buchner funnel with Whatman #4 filter paper.  Following fine 
filtration, the filtercake was dried and retained for analyses.  The 
filtrate from the fine filtration step was also collected for analyses. 
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(Büchner Funnel) 
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d  
 
Figure 1.  Starch Extraction Key Processing Steps 
 

Fermentation Development Process.  Batch and semi-batch 
modes were used for the lactic acid fermentation tests.  In all the tests, 
bacterial strains of Lactobacillus species were selected for developing 
the lactic acid fermentation process.  Pre-test results showed the 
fungal strain Rhizopus oryzae was unable to produce a substantial 
amount of lactic acid in the culture medium containing the wheat 
millfeed hydrolysate.  However, Lactobacillus species were able to 
produce a large amount of lactic acid in the hydrolysate medium.   

Fermentation media containing either reagent glucose or wheat 
millfeed hydrolysate were prepared.  The pH of each medium was 
adjusted to 6.5 to 6.8 using 1 N KOH.  Aliquots of 50-mL 
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fermentation medium were dispensed into 125-mL serum bottles, 
which were capped with Teflon-lined rubber septa and then wrapped 
with two layers of aluminum foil.  After being autoclaved at 121°C for 
15 min and cooled down to room temperature, each bottle was 
supplemented with 2 to 3 g of calcium carbonate powder, which was 
sterilized by baking in an oven at 121°C for at least 3 hr.  The amount 
of added calcium carbonate depended on the glucose concentration in 
the hydrolysate.  The medium bottles were capped with sterile septa 
and aluminum seals using a hand crimper, and the headspace of each 
bottle was purged with deoxygenated nitrogen for 5 to 10 min 
through a 0.2-µm sterile filter (VWR Scientific).  The ready bottles 
with fermentation medium were then inoculated with mature seed 
culture and subsequently incubated in an orbital shaker at 140 rpm.  
The fermentation temperature was controlled at 40°C to 45°C, 
depending on the testing conditions. 

Catalytic Process Development.  Glucose hydrogenation to 
sorbitol was chosen as the catalytic processing test case for the wheat 
millfeed-derived glucose.  The reactor was a stirred batch reactor 
made of 316 stainless steel.  The reactor volume was typically 300 mL 
with the vessel filled half full of aqueous sugar solution.  The catalyst 
was a ruthenium on titania (rutile form) extrudate ground to powder 
(5 g per 150 g of feed solution).  The processing conditions were 
100°C and 1500 psig with hydrogen atmosphere.  The slurry of feed 
solution and catalyst particles was stirred to maximize hydrogen 
contact.  The reaction was allowed to proceed for 6 hr, typically, with 
multiple samples of product solution withdrawn throughout the 
reaction period.  The product solutions were analyzed by liquid 
chromatography to determine primarily the glucose and sorbitol 
concentrations, but also to monitor for byproducts.  The vented gas 
product at the end of the test was analyzed by gas chromatography to 
determine other byproducts (hydrocarbons or carbon oxides). 
 
Results and Discussion 

Glucose Production from Wheat Millfeed.  A baseline starch 
extraction process was developed that consists of hot water extraction 
of starch and filtration of fibrous animal coproduct, followed by 
enzymatic liquefaction and saccharification of the extracted starch 
with filtration of a high-protein and a lower-protein coproduct.  With 
this process, a glucose yield of approximately 20% on a dry millfeed 
basis was achieved.  Improvements to the baseline process, including 
thorough filtercake rinsing and countercurrent extraction, yielded 
nearly 30% glucose on a dry millfeed basis, corresponding to recovery 
of essentially all of the glucose value in the millfeed.  Following 
bench-scale testing, pilot-scale testing was conducted, in which 
approximately 150 lb of wheat millfeed were processed.  The glucose 
yields obtained in the pilot-scale testing were comparable to those 
obtained during the bench-scale testing; however, filtration was more 
difficult.  The residual fibrous material from the pilot-scale testing was 
evaluated as animal feed, and the glucose-containing hydrolysate was 
evaluated as a feedstock for catalytic upgrading (with and without 
upstream separations) and fermentation. 

Fermentation Development Process.  Wheat millfeed 
hydrolysate was used as the primary carbon source for the lactic acid 
fermentation process development.  Batch cultures of lactic acid 
fermentation were used to assess the feasibility of the fermentation 
process development.  Three lactic acid producing strains [purchased 
from American Type Culture Collection (ATCC), Manassas, Virginia] were 
tested:  Lactobacillus rhamnosus (ATCC 10863), Lactobacillus 
delbrueckii subsp. lactis (ATCC 12315), and Lactobacillus 
rhamnosus (ATCC 11443).  All strains showed favorable lactic acid 
production rates at the temperature of 43°C.  

Based on a mineral analysis, manganese was the only critical 
element lacking in the hydrolysate medium.  Without the addition of 

manganese, the fermentation batch culture could result in lower lactic 
acid yield.  Under the testing conditions, the hydrolysate medium with 
only minimal manganese addition performed better than the culture 
medium containing reagent-grade glucose and other nutrients such as 
yeast extract and peptone.  The superior performance of the 
hydrolysate medium is probably due to the presence of various amino 
acids and other nutrients.   

Catalytic Process Development.  Three versions of the wheat 
millfeed-derived glucose solution were used for the testing:  the 
hydrolysis filter press product, the ultrafiltration permeate derived 
from the filter press product, and the nanofiltration concentrate from 
the ultrafiltration permeate.  Results showed that further cleanup of 
the wheat millfeed-derived glucose stream was required before it 
could be used as feedstock for catalytic processing.  Therefore, the 
ultrafiltration permeate was treated in an activated carbon bed prior to 
the hydrogenation to sorbitol step in order to avoid catalyst inhibition.  
Nanofiltration (reverse osmosis) was also demonstrated as a means to 
concentrate the ultrafiltration permeate prior to carbon treatment and 
catalytic processing. 

Support of Commercialization Efforts.  Under a contract from 
Pendleton Flour Mills, LCC, the process economic model was 
developed by ProForma Systems, Inc., with input from Pacific 
Northwest National Laboratory.  The model development included 
material and energy balances built into a virtual process simulator 
based on Excel and Visual Basic.  Equipment sizing and costing 
calculations were dynamic in nature and adjusted with changes in the 
mass balance.  Capital investment costs and operating costs were also 
estimated.  Using the model, sensitivity analyses could be undertaken 
as well as comparisons with other technology options. 

The model was used to cost a midwest green field site processing 
a moderate 227,273 tonne per year of millfeed.  The yield of glucose 
was 68,182 tonne per year with 149,091 tonne per year of animal feed 
and 17,727 tonne per year of high-protein feed supplement.  The plant 
capital cost estimate was $34 million.  Using a range of values for the 
byproducts, the range of costs and prices for the millfeed-derived 
glucose product was determined.  These costs and prices range 
around the current costs and prices for corn-derived glucose.  The 
corn costs and prices are based on a much larger (typical) corn wet 
mill producing 1,081,818 tonne per year of glucose.  Capital cost at 
the different scales of operation is the major differentiating factor 
between the two glucose sources.  According to the model, using a 
$70/ton for millfeed, the glucose from wheat millfeed would cost 8.1 
cents per pound.  
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Introduction 
 

In Brazil, as in many other countries, the first oil crisis in 1973 
led to political initiatives to allocate funds for the development of 
alternative motor fuels. Initially, this program dealt with various types 
of raw materials and studied different conversion technologies to 
produce different liquid fuels from renewable resources (e.g., ethanol). 
In all of its diversity, this broad national program also included efforts 
to develop vegetable oils and their derivatives for fuels applications. 
Indeed, this  research area received governmental funding up to 1985, 
when it was discontinued from a general perception that the cost of 
making biofuels such as biodiesel from vegetable oils would always be 
greater than the products derived from the already well established 
petroleum chemistry and technology (MIC, 1985).  

In recent years, ever since the Middle East crisis initiated a new 
cycle, the concept of producing biofuels from renewable resources 
regained international attention. In a direct attempt to contribute to 
this process, several projects were initiated in our country to evaluate 
the production of biodiesel from agro-commodities available 
nationwide, that is, ethanol and vegetable oils. In this work, the 
production of ethyl esters from crude soybean oil has been optimized 
and new analytical methods for process control have been designed to 
facilitate the in situ evaluation of reaction yields. 
 
 
Experimental 

 
Synthesis.  The optimization study developed herein was based 

on an experimental design in which three process parameters were 
assessed in two levels (23 experimental design): the ethanol:oil molar 
ratio used for transesterification (6:1 to 10:1), the concentration of the 
alkaline catalyst (KOH, 0.2 to 0.6% in relation to the oil mass) and the 
reaction temperature (40 and 70°C). A further expansion of the 
experimental design was performed at 40°C, with the ethanol:oil 
molar ratio ranging from 6:1 to 14:1, whereas the KOH concentration 
varied from 0.2 to 1% (Zagonel, 2001).   

 
Methods.  The reaction yields were initially monitored by size 

exclusion chromatography (SEC) and, at the latter stage of the 
project, by Fourier-transformed infrared spectroscopy (FTIR) 
(Zagonel, 2001). This method was successfully used to develop a 
mathematical model which could easily predict in situ reaction yields, 
thus allowing for a direct monitoring of conversion rates inside the 
transesterification vessel. Development and validation of the proposed 
model was carried out by multivariate analysis and the data was 
treated by principal component analysis and partial least squares 
regression. 
  
 Size exclusion chromatography was carried out using a 
Shimadzu LC10AD workstation provided with a SIL10A autosampler 

and detection by differential reffractometry (RID10A). Samples 
placed in THF were filtered through a Teflon membrane 
with a pore size of 0.45 µm and analysed using a series of 
one guard column and two Tosoh TSK-GEL columns (TSK 
2000HXL and TSK 1000HXL). Tetrahidrofuran (THF) was 
used as the eluting solvent at a flow rate of 1 mL.min-1.  A 
minimal of three analyses were carried out for each 
replicate and calibration was based on injection of external 
standards including ethyl oleate and mono, di and triolein.  
  
 FTIR spectroscopy. Standards (3 to 30 mg/mL) and reaction 
aliquots were also analysed by Fourier-transformed infrared 
spectroscopy (FTIR) using a Reagen KBr cell for liquid samples. The 
FTIR spectra were collected using a Bomem FTIR MB-100 
spectrophotometer within the region of 500 to 4000 cm-1, with a 
resolution of 4 cm-1, 32 scans and triangular apodization. 
 
 
Results and Discussion 
 

The optimal conditions for the one-step transesterification of 
crude soya oil with ethanol, in which an  actual ester yield of 95% was 
obtained, were: ethanol:oil molar ratio of 12:1, KOH concentration of 
0.8% in relation to the oil mass and reaction temperatures of 40°C.  
These conditions were shown to be adequate for the 
transesterification of used cooking oil as well, and a first scale up 
experiment, carried out by a factor of 50 in relation to the bench scale, 
was also proven perfectly feasible. Lower molar ratios were also 
proven adequate when reaction times longer than 1 h were used. 

Four replicates were carried out at the center point of the 
experimental design to validate the analytical data generated 
throughout its execution. The relative standard deviation of the 
process, including all steps ranging from sampling to SEC analysis, 
was shown to be only 1.6%. Hence, the overall trends demonstrated 
by the experimental data were considered of sufficient statistical 
significance to back-up the proposed conclusions and process 
recommendations. 

In respect to the experimental design, there was a certain 
limitation in increasing both the ethanol:oil molar ratio and the 
concentration of the alkaline catalyst (KOH) for further increases in 
reaction yield. Also, for reactions carried out for more than 20 
minutes, temperatures above 40°C were detrimental to the amount of 
ester produced. In this regard, since the reaction was always carried 
out in one single step, it seemed that yields could be increased if a 
two-step transesterification strategy is included, probably using lower 
ethanol:oil molar ratios. 

The FTIR model developed in this work to follow up in situ 
reaction yields was proven very useful and much more effective than 
traditional methods such as gas-liquid, size exclusion (SEC) and 
reverse-phase chromatography. The model matched almost perfectly 
the experimental data obtained by SEC, with a R2 of 0.984 (Figure 1). 
This is certainly one outstanding achievement because both methods, 
regardless of differences in their principles, provided almost identical 
reaction yields for most of the time in which the reaction was 
followed. 

The ethyl esters produced in this work were proven very 
appropriate for fuels applications. Tests were recently conducted in 
stationary diesel engines and the results were very promising in both 
fuel performance and emissions. Longer field tests, similar to those 
previously done in Curitiba (PR) with methyl esters produced from 
soybean oil (B20 mixtures), are solely awaiting for a greater local 
availability of this biofuel, which is now being synthesized in amounts 
by far below the least requirements for field trials. Therefore, viability 
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of the process is still depending upon a reasonable scale up to a pilot 
plant level, whereby a suitable cost assessment should indicate how far 
are we from implementing this process in our country. 

Figure 1.  Correlation among reaction yields obtained by infrared 
spectroscopy and size exclusion chromatography 
 
 
Future Perspectives 
 

Biodiesel is, by many, one almost irresistible alternative to diesel 
oil since many environmental as well as social and economic benefits 
would readily arise from its utilization in both transportation and 
energy generation. In Brazil, there has been an increasing interest in 
developing such an alternative but the economics of producing 
biodiesel from vegetable oils have always been negative. However, 
several factors are indicating that changes are just around the corner. 
These include the severe retraction recently observed in the soybean 
oil market, the competition of the soybean oil with vegetable oils 
derived from other sources (e.g., rapeseed, sunflower, palm, dendê 
and others), the recent decline in exportation of the edible oil to Asian 
markets such as China, and the several consecutive annual records 
recently attained in soybean production in Brazil (with the 
concomitant increase in productivity as well). 

To our knowledge, only five Brazilian institutions are now 
directly involved with biodiesel: The State University of Santa Cruz 
(Ilhéus, BA), The COPPE School of Engineering (Rio de Janeiro, RJ), 
The Tecnology Institute of Paraná (TECPAR, Curitiba, PR), The 
National Institute of Technology (INT, Rio de Janeiro, RJ) and our 
institution. Some local representatives of the private sector are also 
investigating this new business opportunity, such as Risotolândia 
Indústria e Comércio de Alimentos Ltda. and the State Association of 
Sugar and Alcool Producers (ALCOPAR, Curitiba, PR), among 
others. Therefore, there is an increasing perception that biodiesel will 
soon become competitive and its use in replacement to diesel oil will 
increase steadily (Chang et al., 1996; Ma and Hanna, 1999; Zagonel 
and Ramos, 2001). However, cost barriers among with powerful 
lobbies are still dominating the area and only a strong political support 
from all Brazilian soybean producers to these new market 
opportunities will possibly overcome these barriers (Ramos, 2000). 
Besides, how could biodiesel be produced if no oil is available to do 
so? Therefore, the future of biodiesel (and its environmental benefits) 
in Brazil now resides with the farmers and their sight to the immediate 
needs of our economy and/or society. 
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Introduction 

Scientists at the Canadian Centre for Mineral and Energy 
Technology (CANMET) laboratory, Ontario, Canada, have proven at 
lab scale a process to convert yellow grease (YG), tallows and poultry 
fat to a low sulfur, high cetane premium diesel blending stock.  
This proprietary high-temperature and high-pressure process is based 
on a refining technology called hydrotreating.  The principal output is 
a diesel blending stock called AGTANE (for AGricultural ceTANE). 
 
What is AGTANE and its purpose? 

AGTANE , a mix of long-chained paraffins, is not a biodiesel 
(e.g. methyl ester). California refiners who analyzed the final product 
classify AGTANE as a “synthetic diesel.”  Paraffins are a family of 
hydrocarbons normally found in commercial diesel blends; esters are 
not.  When AGTANE is blended with regular diesels, the resulting 
fuel burns more efficiently and with cleaner emissions.  Particulate 
matter (PM), and NOx emissions are lowered.  AGTANE 
compliments and reduces the volume of traditional cetane improvers.1  

Global Trends.  Convergent global trends favor production of 
AGTANE from discarded fats and waste oils and greases.  There is 
also regulatory pressure towards the use of on-road diesels with low 
sulfur and high cetane value.   

Recent research has proved synergy between AGTANE and 
“traditional” cetane improvers.2  This synergy increases AGTANE’s 
value.  It is thought that AGTANE will be added from 3 to 12% of 
volume in final commercial diesel mixes. 
 
Test Results show that AGTANE: 

(1) linearly raises the cetane of unadditized diesel without a 
top-end limit;3 

(2) is synergistic with traditional cetane improvers; 

(3) has a low sulfur content (~15 ± 5ppm4); and 
(4) increases end-product volume by the added AGTANE 

volume. 
 
Discussion and Application 
There is a growing trend to exclude YG and tallow out of the food 
and feed chains due to bovine spongiform encepholapathy, 
commonly known as “mad cow disease.”  Because YG contains a 
significant amount of animal fat, its sales as an animal feed component 
are increasingly restricted.  There is an unprecedented worldwide 
surplus of YG.  Smaller rendering plants have closed, raising health 
                                                                          
1  Cetane improvers are man-made chemicals that are added at the 
refinery level to diesel blends to raise the blend’s cetane number.  
These compounds are also called “ignition improvers”  Cetane is an 
indicator of a diesel blend’s combustion performance in compression-
ignited engines (same as “octane” for spark-ignited engines).  As with 
octane, higher numbers are desirable. 
2  The cetane improver used in these tests was Octel CI-0801. 
3  The cetane value enhancing effects of traditional cetane improvers 
level off at some point (after an 8 or 9 point rise in cetane value). 
4  15-ppm max. S2 in on-road diesel is a South Coast Air Quality 
Management District requirement by 2005. 

and environmental concerns in areas where other renderers have been 
unable to service. 
 
Conclusion 

Large-scale production and commercialization of AGTANE 
allows the rendering industry the option to become a significant 
pollution remediator.  The broad use of AGTANE in on-road and off-
road applications will significantly reduce both NOx and PM, 
something not possible by burning YG in rendering plant boilers. 

AGTANE production is most likely to be conducted in major 
urban areas where large rendering operations are located within 50 
miles of petroleum refining facilities.  The profitability of AGTANE 
plants can be further enhanced by tax breaks/incentives currently 
extended to biodiesel.  Exchanges with leading petroleum refiners 
indicate on-going strong interest in AGTANE. 

AGTANE may prove to be a timely solution to help meet US 
energy and environmental needs, while helping the agricultural sector 
deal with food chain concerns.  As it proportionally reduces the use of 
petroleum-derived diesel fuel, AGTANE can reduce dependence on 
foreign oil and increase domestic energy security. 
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Introduction   
 Liquid smoke compositions are obtained from pyrolysis of 
hardwood. These solutions are used to impart flavor, color, texture 
and in certain cases provide enhanced shelf life for food products. The 
constituents of liquid smoke are obtained from thermal degradation 
reactions of cellulose, hemicellulose and lignin. More than four 
hundred compounds have been detected in wood smoke.1 In order to 
express the composition from an application stand point, the 
compounds in liquid smoke have been lumped together as three 
functional groups: carboxylic acids, phenols, and carbonyls. Cellulose 
and hemicellulose degradation are the primary sources of carbonyls 
and carboxylic acids, while phenols are obtained from lignin pyrolysis. 
In addition to these functional classes, there are other products like 
alcohols, lactones, and hydrocarbons.  
 The main variables that control liquid smoke product yield and 
characteristics are temperature, rate of heat transfer, particle size, 
atmosphere of pyrolysis, vapor and particle residence times, and 
composition of biomass. The developments related to control of these 
variables for improved product and process capabilities have resulted 
in several patents and publications over the last two decades in the 
field of liquid smoke. The difference in heat transfer rates results in 
different product yields. Rapid heat transfer rates are associated with 
fast pyrolysis systems.2 Further liquid smoke flavors with different 
attributes can be made by varying the feedstock.3 Experiments were 
done in a bench scale reactor system under conditions of slow 
pyrolysis. The characteristics of liquid obtained from such bench scale 
experiments were compared with commercial product. 
 
Experimental 

Bench-scale Pyrolysis of Dried Saw-dust Under Atmospheric 
Conditions:3 

Dried mixed hard wood saw-dust (150 gm, 8 % moisture) was 
weighed into a 4-inch diameter, 14 inch long laboratory size quartz 
rotary kiln and placed in a heated tube furnace. The reaction tube was 
rotated, so as to mimic the industrial process of a horizontal rotary 
kiln.  The vapors from pyrolysis were then condensed in two vertical 
condensers in series.  The first condenser was held at 65 oC and the 
second was held at 5 oC. The non-condensible vapors were then 
passed through filters for removing any aerosols, before being vented 
off. The liquids collected in the condensers were weighed. The test 
time was dependent on the time required for the char bed to attain the 
desired bed temperature. The test was stopped when gas evolution 
was not observed at the desired char bed temperature.  

Analysis of Aqueous Condensate:3 

The condensates were diluted with water, and analyzed for their 
overall composition for acid and phenol content.4 The procedures used 
for composition analysis were those used in the liquid smoke industry. 
The acid content was determined by titration and expressed as 
percentage acetic acid.  The phenols were determined by colorimetric 
methods using 2,6-dimethoxy phenol (Aldrich Chemical Co., U.S.A) 
as standard.3 In this procedure liquid smoke solutions and standard 
solutions are complexed with 2,6-dichloroquinine-4-chloroimide 
(Aldrich Chemical Co. U.S.A) in a borate buffer solution at a pH of 
8.3. The reaction is allowed to proceed for 30 minutes at room 
temperature. The color of the resulting complex is measured at 580 

nm.  The performance characteristics for the ability of carbonyls in 
liquid smoke to react with proteins was measured by staining index.3 

This index is obtained by measuring the net absorbance of a reacted 
sample of glycine and liquid smoke at 440 nm in a glacial acetic acid 
solution.3  

 
Results and Discussion 
 The product yields from bench scale experiments at various 
temperatures are presented in table 1. 

Table 1.  Hardwood Saw-dust Pyrolysis Product Yields from 
Bench scale Experiment: 

Temperature oC Liquid yield  (%)  Char yield (%) 
350 45.7 37.5 
400 51.5 28.8 
475 59.6 22.8 
600 54.7 18.9 
The yield values indicate an increase in liquefaction type reactions 
with increasing temperature. For similar temperatures, higher liquid 
and lower char yields are obtained from fast pyrolysis type process. 
The mechanisms involved in the degradation process of the saw dust 
components to various products have been presented by various 
researchers. 4,5,6 The composition analysis of the aqueous fraction 
from bench scale experiments for liquid smoke type characteristics are 
presented in table 2. 
Table 2. Composition Analysis  (range) for Aqueous Fraction 
from Bench Scale Pyrolysis Experiments  

Temperature range  oC 400 –600oC 
Acidity % 6.1 – 7.2 

Phenol (mg/ml) 9.9 – 11.1 
Stain index 69.6 – 81.5 

The composition analysis indicates an increase in smoke components 
in the aqueous fraction with increase in temperature. In a traditional 
liquid smoke manufacture saw-dust is pyrolyzed in temperature ranges 
of 350-6000C, under atmospheric pressure conditions. The vapors 
from pyrolysis are condensed and contacted with water. The aqueous 
condensate is allowed to settle for a period of ten to fourteen days. 
During this period, an insoluble organic fraction referred to as tar 
separates out. This fraction carries with it particulates and PAH 
compounds that are generated and condensed during the 
manufacturing process. The benzo(a)pyrene content of the resulting 
aqueous smoke is less than  2ppb.  PAH characterization of liquid 
smoke can be done by HPLC –fluorescence spectroscopy or GC-MS.7 
A typical liquid smoke product from slow pyrolysis has the following 
average composition4: acidity =10.8%, phenol = 17.8 mg/ml, stain 
index =91.6. The acid and phenol concentration in liquid smoke 
indicate the flavor strength. The stain index value, provides 
information on the reactivity of the carbonyl compounds in liquid 
smoke towards non-enzymatic maillard type browning reactions with 
amino acids when applied on protein substrates. Thus it is observed 
that the aqueous extract from bench scale experiments have 
characteristics similar to a commercial liquid smoke product.  

 
Conclusion:                                                                                               
 The similarities in compositional analysis data from bench scale 
experiments and commercial product indicate suitability of the bench 
scale experiments to study biomass pyrolysis chemistry for liquid 
smoke manufacture. Liquid smoke, a product of the biomass pyrolysis 
provides a safe alternative to food processors over conventional 
smoke houses. The clean up steps used in the manufacturing process 
makes it a safe ingredient. 
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Introduction
The catalytic hydrogenation of glucose (1) produces sorbitol

(2)1 which can be easily converted to enantiopure isosorbide by
dehydration.2  Isosorbide (3) has two hydroxy groups, one exo
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(the 2-OH) and one endo (the 5-OH).  Conversion of one of the
hydroxy groups to an ester gives rise to a large class of
enantiopure chiral alcohols.  Enantiopure chiral alcohols have
been used as chiral auxiliaries in asymmetric synthesis.3

Moreover, the carboxylic acid portion of the ester can have other
functional groups and this allows the synthesis of polyfunctional
compounds that could function as complexing agents.

We have undertaken a study of the esterification of
isosorbide (3) with the goals of a) determining how to effectively
and efficiently prepare the exo and/or endo esters and b)
developing convenient spectroscopic methods to determine
whether the exo or the endo hydroxy group has been esterified.

Our first objective was to make and to fully characterize a pair
of exo and endo esters of isosorbide (3).  In this paper we report
the preparation and characterization by 1H and 13C NMR
spectroscopy of the mono exo- (4), the mono endo- (5), and the di
(6) para-methylbenzoates of isosorbide (3).
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Results
Esters 4, 5, and 6 were prepared from isosorbide (3) and either

para-methylbenzoic acid or its acid chloride.  The esters were
purified by column chromatography and the 1H and 13C NMR
spectra of the esters were obtained.  The chemical shifts of the 1H
and 13C NMR data for these esters are presented in Tables 1 and 2.

Table 1.  The 1H NMR Chemical Shifts
 of Esters 4, 5 and 6 (in CDCl3).

4 5 6
H1exo 4.171 4.016 4.116
H1endo 4.130 3.982 4.106

H2 5.465 4.375 5.474
H3 4.633 4.454 4.667
H4 4.722 4.983 5.054
H5 4.354 5.395 5.412

H6exo 3.938 3.946 4.038
H6endo 3.618 3.921 4.022

Haromatic
a 7.58 7.60 7.61

HCH3
2.417 2.417 2.410

2.421
a center of aromatic signals

Table 2.  The 13C NMR Chemical Shifts
 of Esters 4, 5 and 6 (in CDCl3).

4 5 6
C1 73.96 75.78 70.4
C2 78.91 76.53 78.3
C3 85.99 88.56 86.4
C4 82.3 80.94 81.3
C5 73.84 74.58 73.5
C6 72.64 71.04 74.3

CCO 165.82 166.24 166.03
165.67

Caromatic 133.6a 134.7a 133.7b

CCH3
165.82 166.24 166.03

165.67
a center of 4 signals
b center of 8 signals

Discussion
The reaction of isosorbide (3) with p-methylbenzoyl chloride

in pyridine gives all three esters, the mono exo (4), the mono endo
(5), and the di (6).  All three esters can be purified by column
chromatography.  The dominant mono ester is the endo isomer 5.

The exo ester 4 is the dominant isomer when isosorbide (3) is
allowed to react with p-methylbenzoic acid in the presence of
dicyclohexylcarbodiimide.  This is consistent with the report by
Cekovic and Tokic who used this method to synthesize the
isosorbide (3) mono exo benzoate.4

The 1H NMR data of esters 4, 5, and 6 show that the proton
on the carbon atom bearing the hydroxy group shifts downfield by
ca. 1 ppm when converted to the ester.  Changes of the other
proton signals and of the 13C signals are relatively small.  The
changes we observed in the 1H NMR spectra of esters 4, 5, and 6
are consistent with the 1H NMR spectrum of the benzoic acid
mono exo ester of isosorbide (3) reported by Cekovic and Tokic4

(the isomeric endo mono ester or the diester of benzoic acid is not
described in this report).

Experimental
Preparation of mono endo - (5) and di (6) para-

Methylbenzoates of Isosorbide.  A 50-mL, round-bottomed flask
equipped with a stir bar was charged with 0.3 g (2 mmol) of
isosorbide (3) and 0.5 g of dry pyridine.  The reaction was heated
to 90 °C for 20 min and then p-methylbenzoyl chloride (0.67 g, 4
mmol) was added to the solution.  The reaction was allowed to
stand for 20 h.  The mixture was treated with 2M HCl until the pH
of the solution reached 1.  The acidified mixture was extracted
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three times with 5-mL portions of ethyl acetate.  The organic
layers were combined and dried over anhydrous MgSO4, and the
mixture was filtered.  The solvent was removed under reduced
pressure.  A white solid (657 mg) was obtained.  After
recrystallization from toluene, white needle-like crystals (126 mg)
were obtained, mp = 145-152 °C.  Analysis of its 1H NMR
spectrum showed it to be the mono endo ester (5).  After
evaporating the solvent of the mother liquor, ethyl ether was
added to dissolve the white solid which remained.  The solution
was cooled with ice.  White needle-shaped crystals (300 mg) was
obtained, mp = 102.0-102.5 °C.  Analysis of the 1H NMR, 13C
NMR, IR, and cosy spectra of these crystals showed it to be the di
ester (6).

When the reaction was repeated but with a reaction time of
only 3 h, a mixture of all three esters was obtained:  mono exo (4),
mono endo (5), and di (6).  All three esters can be separated by
column chromatography.  The major mono ester was the endo
isomer (5).

Preparation of mono exo- para-Methylbenzoate of
Isosorbide (4).  A 50-mL, round-bottomed flask equipped with a
stir bar was charged with 0.29 g (2 mmol) of isosorbide (3), 0.3 g
(2.2 mmol) of p-methylbenzoic acid, and 5 mL of CH2Cl2.  The
solution was cooled to 0 °C and 454 mg (2.2 mmol) of
dicyclohexylcarbodiimide, and 2.44 mg (0.02 mmol) of 4-
dimethylaminopyridine were added with stirring.  The reaction
was allowed to stand at room temperature for 5 h.  The mixture was
filtered to remove N,N′-dicyclohexylurea.  The filtrate was washed
with 2 mL of H2O, and then 2 mL of 5% aqueous AcOH.  The
washed organic layer was dried over anhydrous MgSO4 and the
mixture was filtered.  The solvent was removed under reduced
pressure to yield 379 mg white crystals, mp = 155.0-155.5 °C.
Analysis of this product’s 1H NMR spectrum showed it to be the
mono exo-ester (4).  The ester can be purified by column
chromatography
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Introduction
       Fuel Cells are electrochemical devices that convert chemical
energy into electrical energy.  Of the many different types of fuel
cells being investigated we focused on the Direct Oxidation Fuel Cell
(DOFC).  In the DOFC organic fuel is fed directly into the fuel cell
without the need for prior modification.  This makes the DOFC very
attractive as the power source for electric vehicles as it offers reduce
weight and volume advantages over the indirect fuel cell, which is
based on the modification (reformation) of organic fuels into
hydrogen.
       Presently methanol is the fuel used in the DOFC.  However,
because of its toxicity, low boiling point and high permeability in
Nafion  - the proton conducting membrane (PCM) currently used,
replacement fuels are being considered2.
       To aid in the development of the DOFC, we investigated the
mass transport represented by the self-diffusion coefficients (D) of
methanol and two alternative fuels - dimethyl oxalate (DMO) and
ethylene glycol (EG) in new low-cost nanoporous PCM’s.  The NP-
PCM’s are based on commercial poly(vinylidene fluoride), with
variable pore size determined by addition of nanoscale SiO2 or Al2O3
particles1.  EG is the most promising candidate to replace Methanol,
as it is already a ubiquitous product within the automotive industry.
The advantage of DMO is that it is a solid at room temperature and
therefore may be added directly to the fuel cell without the need for
separate fuel tank.
       The use of the NP-PCM’s offer several advantages over Nafion
including: lower membrane cost, lower permeability to methanol due
to smaller pores, and higher room temperature conductivities that are
unaffected by metal-ion impurities (Nafion’s conductivity decreases
significantly with added impurities)1.
       Nuclear Magnetic Resonance Pulse Gradient Spin-Echo
technique (NMR PGSE) was used to determine the self-diffusion of
diffusing species in the systems3.  The PGSE technique allows quick
non-invasive measurements of the species self-diffusion and has the
advantage of measuring mass transport irrespective of the number of
chemical components in the diffusing specie.

Experimental
       The NMR PGSE experiments were performed using a multiply-
tuned PGSE NMR probe in a 7.1T superconducting magnet
interfaced with a CMX-300 spectrometer.  The NMR diffusion
measurements use the Hahn spin echo pulse sequence (π/2-τ-π) with
a pair of square-shaped gradient field pulses (separated by time ∆) of

magnitude g and duration δ - the first applied between the two rf
pulses and the other after the π pulse.  The echo amplitude is
attenuated by an amount dependent on the change in the spins
position by the process of self-diffusion in the time interval ∆.  This
change may be represented by

A(g) = exp[-γ2Dg2δ2(∆-δ/3)]
where D is the self-diffusion coefficient and γ is the magnetogyric
ratio of the spin.  By fitting this equation to the echo amplitudes for a
series of gradient strengths g, D is extracted3.
         Fuel/Acid mixtures consisting of 3M H2SO4 and 2M of the
above named fuels were prepared.  Strips of the NP-PCM’s were
placed in each of the fuel/acid mixtures and allowed to equilibrate for
48 hours.  Measurements were collected over the temperature range
of 30-90oC with 20-30min sample equilibration time after each
temperature change.  An Oxford ITC533 temperature accessory in
conjunction with a stream of dry N2 gas was used to regulate the
temperature to within ±1K.

Results
        Proton NMR spectroscopy results for the fuel/acid systems
revealed multiple components  - OH and CH, identifiable by their
respective chemical shifts, as shown in Fig. 1.  Of the three fuel/acid
solutions DMO gave OH and CH self-diffusion coefficients lower by
about a factor of two both in solution and in the NP-PCM’s.  EG
solution had OH and CH self-diffusion values comparable to
Methanol over the entire temperature range.
       However, results for the EG equilibrated NP-PCM’s gave OH
and CH diffusion values lower by about a factor of two compared
with the Methanol equilibrated membranes.  Of the five NP-PCM’s
investigated, one particular membrane that exhibited low crossover in
electrochemical evaluations gave the highest OH and CH self-
diffusion values, almost independent of fuel type.  Figures 2 and 3
show Arrhenius plots of D for both the OH and CH peaks
components of the equilibrated NP-PCM’s and fuel/acid solutions.

Figure 1.  1H NMR spectrum acquired at 333K indicating the OH
and CH components of the system.

OH Peak

CH Peak
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Figure 2.  Arrhenius plot of the OH D values.

Figure 3. Arrhenius plot of the CH D values.

Conclusion
       As replacement fuels for methanol, EG and DMO offers lower
membrane permeability indicated by the lower values of CH self-
diffusion coefficients obtained for the equilibrated NP-PCM’s.
Electrochemical measurements1 indicate that the NP-PCM's exhibit
low crossover while retaining high protonic conductivity.  Although
we expect to find correlations between the former and NMR-
determined CH D values, and between the latter and OH D values,
the present results suggest that proton transport may not be strongly
correlated with OH mobility.
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Introduction
At present, hydrogen is produced almost entirely from

fossil fuels such as natural gas, naphtha, and coal.  We believe that
in the future biomass can become an important sustainable source
of hydrogen.  As a renewable resource, it has an advantage of low
environmental impact (almost zero net CO2 emissions) compared
to that for fossil fuels.  However, the price of hydrogen obtained
by direct gasification of lignocellulosic biomass is at least three
times higher than that for hydrogen produced by steam reforming
of natural gas [1].  Over the last several years we have been
developing a method for producing hydrogen from biomass [2-4]
and concluded that only a hydrogen/co-products strategy could
compete with the cost of the commercial hydrocarbon-based
technologies.

The proposed process combines two stages: fast pyrolysis of
biomass to generate bio-oil and catalytic steam reforming of the
bio-oil to hydrogen and carbon dioxide.  This concept has several
advantages over the traditional gasification/water-gas shift
technology.  First, bio-oil is much easier to transport than solid
biomass and therefore, pyrolysis and reforming can be carried out,
if needed, at different locations.  A second advantage is the
potential production and recovery of higher-value co-products
from bio-oil.  For example, the lignin-derived fraction can be
separated from bio-oil and used as a phenol substitute in phenol-
formaldehyde adhesives while the carbohydrate-derived fraction i s
catalytically steam reformed to produce hydrogen.  Assuming that
the phenolic fraction could be sold for $0.44/kg (approximately
half of the price of phenol), the estimated cost of hydrogen from
the proposed process would be $7.7/GJ [5], which is at the low end
of the current selling prices.

The yield of hydrogen that can be produced from biomass i s
relatively low, 12-14% based on the biomass weight.  It is even
lower when only the carbohydrate-derived bio-oil fraction
undergoes reforming while the lignin part is used for other
applications.  At present, the amount of biomass-derived liquids
available for reforming is rather limited but a viable way to
increase the production of hydrogen in a biomass-based plant
could be co-reforming of pyrolysis liquid with natural gas.  This
approach, similar to co-firing of biomass with coal for power
generation, would add environmental benefits to the traditionally
fossil-based technology.  The objective of this work was to
investigate the co-reforming process and validate the concept.

Experimental
C11-NK catalyst obtained from Süd-Chemie, Inc. was

ground to the particle size of 300-500 µ and used for co-reforming
in the 2”-diameter fluidized bed reformer system that was described
in our earlier paper [4].  Bio-oil used for this study was generated
from pine sawdust using the NREL fast pyrolysis vortex reactor
system.  The oil comprised 47.7% carbon, 7.4% hydrogen, and
44.8% oxygen with a water content of 26.7%.  It was separated
into aqueous (carbohydrate-derived) and organic (lignin-derived)
fractions by adding water to the oil at a weight ratio of 1.5:1.  The
aqueous fraction contained 20.0 wt.% organics and 80.0% water
and consisted of 11.8% carbon, 9.6% hydrogen, and 78.6%
oxygen.  Natural gas from the public utility was compressed and

fed to the fluidized bed reformer at the rate of 0.75 LSTP/min, while
the pyrolysis liquid feed rate was 2 g/min.  The reactor operated at
850°C with a methane-equivalent gas hourly space velocity
GC1HSV of app. 1000 h-1 and a molar steam-to-carbon ratio of 4.6.
The test was carried out for 56 hours alternating between the co-
reforming and the bio-oil-only reforming. The concentration of
major gas components as a function of time is shown in Figure 1.

 
Figure 1.  Composition of gas obtained from reforming of bio-
oil and from co-reforming of bio-oil with natural gas.

The gas composition was almost constant during the
stages of reforming and co-reforming, though a small decrease in
hydrogen and increase in methane concentration were observed
between the first and the second co-reforming cycle.
Interestingly, co-feeding of natural gas helped maintain and
restore the catalyst activity that was slowly declining during
reforming the bio-oil fraction.  An evidence of the catalyst
deactivation is a sharp increase in methane concentration that was
observed at the beginning of the second and third cycles of co-
reforming but significantly decreased after 0.5-1 hour  (Figure 2).  

Figure 2 .   Concentration of hydrocarbons in the gas obtained
from reforming of bio-oil and from co-reforming of bio-oil with
natural gas.
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D i s c u s s i o n
We believe that the mechanism of metal-catalyzed

reforming of oxygenated organic molecules is similar to that
proposed for hydrocarbons [6].  Dehydrogenation of the organic
molecules adsorbed on the metal (nickel) sites produces hydrogen
and smaller organic fragments that react with hydroxyl groups
migrating from alumina sites to form first intermediate compounds
and, eventually, carbon oxides.  The above main processes are
accompanied by side reactions leading to the formation of carbon
deposits on the catalyst surface.  This unwanted effect is enhanced
by higher non-saturation, molecular weight, and aromaticity of
the organic molecules [7].  Biomass-derived liquids are on one
hand more reactive than hydrocarbons because they already have
some carbon-oxygen bonds.  On the other hand, they show greater
tendency to form carbon deposits because of the large size of
certain molecules (oligomeric carbohydrates and phenols) and
thermal instability leading to carbonization at elevated
temperatures.  

The overall steam reforming of any oxygenated organic
compound proceeds according to the following reaction:
CnHmOk + (n-k)H2O ↔ nCO + (n+m/2-k)H2

Because of the excess steam used in the process, at least a part of
carbon monoxide undergoes a consecutive water-gas shift
reaction:
nCO + nH2O ↔ nCO2 + nH2

Thus the maximum yield of hydrogen that can be obtained by
reforming/water-gas shift (corresponding to the complete
conversion of organic carbon to CO2) equals 2+(m-2k)/2n moles
per mole of carbon in the feed material.  During reforming of the
bio-oil fraction the yield of hydrogen was initially 82% then
decreased to 75% of the stoichiometric potential.  For co-
reforming the hydrogen yield was about 85% of the theoretical
maximum (Figure 3).  These values could increase by additional
10% if a secondary water-gas shift reactor followed the reformer.
During co-reforming, 23-26% of the hydrogen was generated from
bio-oil and 77-73% from natural gas.      

Figure 3.  Yield of hydrogen obtained from reforming of bio-oil
and from co-reforming of bio-oil with natural gas.

The decrease in the yield of hydrogen was a consequence
of the declining conversion of methane that was initially 92.5%
then decreased to 80% at the end of the test.  All these clearly show

a gradual loss of activity of the catalyst.  We believe (though we
do not have direct evidence) that the catalyst deactivation
progressed because of two types of reactions: formation of carbon
deposits on the catalyst surface and oxidation of nickel due to a
high excess of steam (S/C=13), which was used for bio-oil
reforming to remove those deposits.  During co-reforming, the
steam excess was much lower and the hydrogen production was
greater, which prevented oxidation of the catalyst and slowed
down the deactivation.  

C o n c l u s i o n s
The technical feasibility of co-reforming bio-oil and natural

gas has been demonstrated.  Co-reforming can be an attractive
opportunity that enhances the flexibility of the biomass-to-
hydrogen process.
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Introduction   

Conventional rapid pyrolysis (RP) of biomass is a thermal 
treatment process in the absence of air, which produces solid, liquid, 
and gaseous products.1-4 In these processes, the pyrolysis 
temperatures range from 450 - 600°C and vapor residence times are 
one to five seconds.  In the RP process, liquid production is 
maximized at the expense of gaseous and solid products.  The liquid 
product (bio-oil) is generally unstable, acidic, corrosive, viscous, and 
has high moisture content.5-6 The poor stability of bio-crude oils is 
attributed to the char and alkali metals in the oil, which catalyze 
secondary reactions during storage.  However, if the hot pyrolysis 
vapors are filtered to reduce the char content before condensation, the 
stability of the oil is improved considerably.1,5   

Bio-crude oils are complex mixtures of carbohydrate and lignin 
thermal decomposition products, which cannot be used for most bio-
based products and fuel applications except after considerable 
secondary processing.  Catalytic studies of biomass pyrolysis products 
have focused on post pyrolysis catalysis to higher value products7-8, 
but most of these studies reported low yields of hydrocarbons, high 
coke/char yields and rapid deactivation of the catalysts.  Fractional 
pyrolysis has not been reported. 

Biomass feedstocks are composed of structural (lignin, cellulose, 
and hemicellulose) and non-structural (extractives) components, 
which have distinct chemical properties.  It is conceivable to 
selectively convert the biomass constituents to a defined slate of 
chemicals and separate these products in situ  (fractional pyrolysis) 
without necessarily going through secondary extraction and upgrading 
processes.  Fractional pyrolysis is defined as a selective in situ 
conversion of biopolymers to desired products.  This approach is 
aided by catalysts and can produce a narrow slate of pyrolysis 
products, which can be tailored to specific applications.    

The goal of this research is to selectively convert biomass 
components in situ into suitable products using suitable catalysts and 
thus eliminating potential secondary processing steps.  In this paper, 
we report the fractional catalytic conversion of the carbohydrate 
components of hybrid poplar wood into gaseous products and 
depolymerization of lignin into phenol, cresols, and catechols.   
 
Experimental 

Feedstock and Catalyst.  The feedstock used for this 
experiment was a hybrid poplar whole wood ground in a Wiley mill to 
pass a 1-mm screen.  The moisture content of the feed was 5%.  200 g 
batches of a proprietary catalyst (VPISU-001) were used in each 
experiment.   

Fluidized Bed Pyrolysis.  The reactor consisted of a 50 mm 
schedule 40 stainless steel pipe, 500 mm high (including a 140-mm 
pre-heater zone below the gas distribution plate) and equipped with a 
100-µm porous metal gas distributor.  The reactor was externally 
heated with a three-zone electric furnace.  The biomass was conveyed 
by a twin-screw feeder into a compartment from where high-velocity 
nitrogen entrained the feed and carried it through a jacketed air-
cooled tube into the fluidized bed.  The pyrolysis temperature was 
maintained at 500oC and the apparent pyrolysis vapor residence time 

was about 1 s.  A typical run lasted for 2-3 h, and the feed rate was 
100 g/h.  Pyrolysis gases and vapors exiting the reactor passed 
through a heated hot gas filter unit to separate char/ash and any 
entrained catalyst.  The pyrolysis liquids were collected in two 
condensers and an electrostatic precipitator (ESP).  The amount of 
char/coke was determined by weighing the reactor/catalyst and hot 
gas filter before and after each run.  No attempt was made to 
differentiate between the char and coke and no further analysis was 
done. 

 
Results and Discussion 

Pyrolysis Products.  During first half hour of pyrolysis, there 
was very little condensation of pyrolysis products. The absence of 
liquid condensate in any significant quantities suggested that during 
this phase the catalyst was extremely active and the major reaction 
was gasification.  The material balances for two catalytic pyrolysis 
runs are shown in Table 1.  Compared to rapid non-catalytic pyrolysis 
(RP), the total liquid yields were very low (30%), and the gas yields 
were very high (60%).  The char/coke yields (11.5%) were 
comparable to those reported for conventional pyrolysis of hybrid 
poplar wood.2  
 
Table 1.  Material balance on catalytic pyrolysis of hybrid poplar (on 
as received basis). 
 

       Fractions Run 1461-
40 #4 

Run 1461-42 #5 

Gas Yield (%) 60 55.0  

Total Liquids (%) 30.6 30.1 

Char/Coke (%) 11.5 11.9 

Total 102.1  97.0 

  Liquid Fractions collected Color # Phases  
Chilled Water 
Condenser (g) 

19.9 18.9 Brown 1 

Ice/Water 
Condenser (g) 

14.7 16.8 Yellow 1 

ESP (g) 25.7 25.3 Brown 1 

Total Liquids (g) 60.3 61   

Total Biomass 
Pyrolyzed (g) 

197 202   

 
About 90% by weight of the gaseous products was CO and CO2 

and the rest was a mixture of hydrocarbons.  Butene was the most 
abundant hydrocarbon and in some cases constituted 30% of the total 
hydrocarbon products.   

The liquids from the first condenser and the ESP were both 
brown, with extremely low viscosity.  The liquids composition 
included almost exclusively phenolics (phenol, cresols, guaiacol, 
methyl-substituted phenols), small quantities of indene and substituted 
naphthalenes, with no detectable carbohydrate pyrolysis products.  No 
benzene, toluene or xylenes were detected in any of the products.  The 
elemental composition of the liquids had high carbon (71%) and 
relatively low oxygen content (21%) compared to non-catalytic 
pyrolysis oils.  The HHV was consequently high (30.5 MJ/kg) 
compared to 23 MJ/kg for the non-catalytic pyrolysis oil.  The liquid 
from the second condenser was light yellow, also had very low 
viscosity and appeared to be 95% water and 5% dissolved organics.      

Molecular Weight Distribution of Liquid Products.  Gel 
permeation chromatography (GPC) showed very low molecular mass 
distribution of the liquid products.  The number average molecular 
weights (Mn) of the liquids from the ESP and the chilled water 
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condenser were both 160 while the weight average molecular weight 
(Mw) were 215 and 220 respectively.  These molecular weights are 
about half of those reported for phenol/neutral fraction from 
conventional rapid pyrolysis products  (Mn = 290, Mw = 440) (Fig 1). 

 
Figure 1.  Molecular weight distribution of (a) phenol/neutral fraction 
extracted from sugar cane bagasse conventional rapid pyrolysis oils 
and (b) hybrid poplar catalytic pyrolysis liquids. 
 

Catalyst Activity.  The CO and CO2 concentrations appeared to 
vary with time during the catalytic pyrolysis.  The variation was 
probably due to catalyst deactivation.  In these studies we attempted 
to monitor catalyst activity by following the variation in CO and CO2 
concentration in the gaseous product and compared CO/CO2 ratio for 
the catalytic pyrolysis with a non-catalytic process carried out in a 
silica sand media.  The CO/CO2 ratio decreased with time and 
appeared to approach the value for non-catalytic pyrolysis (Fig 2).  If 
we assume that this ratio is a true monitor of catalytic activity, then 
the catalyst was still active after three hours run albeit less active than 
the fresh catalyst. 

 

 
Figure 2.  Variation of carbon monoxide and carbon dioxide during 
fractional and conventional pyrolysis of hybrid poplar wood 

  
Under post-pyrolysis catalysis conditions, biomass feedstocks 

tend to produce very high coke yields, which rapidly deactivate the 
catalyst.  The post-pyrolysis catalysis liquid products usually contain 
benzene, toluene, xylene, naphthalenes, substituted benzene, and 
naphthalenic compounds.  On the contrary, in the catalytic pyrolysis, 
where the catalyst and the biomass feed were contacted, the catalyst 
was still active after 3 hours on steam and the product slate was quite 
different from that reported for post-pyrolysis catalysis.  Coke 
formation seemed to be very low because the total yield of solids from 
the process was only 12%, which is equivalent to the coke yield alone 
from the post-pyrolysis catalysis runs.  This could be attributed to the 
minimal secondary conversion of the primary lignin pyrolysis products 

to hydrocarbons, which is mostly responsible for the coke formation 
and thus strongly contribute to the deactivation of the catalyst as 
observed in post-pyrolysis catalysis.  Deactivation of the catalyst 
seems to be followed by a decrease in CO concentration in the 
product gas as shown in Fig 2.  

Clearly in the fractional catalytic process appeared to be selective 
pyrolysis and gasification of the biomass components.  The 
carbohydrate degradation products are more labile than the lignin 
degradation compounds and thus were rapidly converted into gases 
while the more refractory lignin-derived components mostly formed 
the liquids.  The total liquid yield was 30% with a water fraction of 
30-40%.  This implies that the organic liquid yield was only 18-21%, 
which coincides with the lignin content of hybrid poplar wood.  Thus, 
the catalytic pyrolysis appeared to favor production of modified liquid 
phenolics from the lignin fraction of the biomass while converting the 
carbohydrate fraction to gases.  The presence of high proportions of 
cresols and dihydroxy phenols (catechol) suggested that 
demethylation, demethoxylation and cleavage of the lignin 
decomposition products occurred.  As the catalyst slowly deactivated, 
also some carbohydrate pyrolysis products such as 
hydroxyacetaldehyde, ethanedial, and hydroxyacetone were not 
cracked and condensed with the aqueous phase in the chilled water 
condenser.     
 
Conclusions 

We have demonstrated the concept of fractional pyrolysis of 
biomass.  The most important factor is the choice of catalyst.  By 
selecting a suitable catalyst, various components of the biomass 
feedstocks can be converted in situ into desirable products.  In this 
work we showed that the lignin fraction of the biomass could be 
effectively converted into phenolics with low char yield when catalysis 
and pyrolysis reactions were performed simultaneously.  Char yields 
for this process were similar to those obtained from conventional 
rapid pyrolysis.  The molecular mass distribution of fractional catalytic 
pyrolysis process were about one half that obtained for phenol/neutral 
fraction in a conventional pyrolysis and there appeared to be 
considerable demethylation and demethoxylation reactions.  The liquid 
product appeared to be stable with minimal repolymerization reaction.  
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Introduction 

Biomass consists of an assortment of recalcitrant polymers such 
as cellulose and lignin.  Prior to use in gasification streams, these 
polymers are subjected to degradation/depolymerization reactions for 
the purpose of liberating smaller, more volatile and reactive species.   

It is well known that carbohydrates can be depolymerized in an 
acid hydrolysis reaction with the depolymerization effectively 
catalyzed using a carbon-supported ruthenium catalyst (1-5).  Under 
relatively mild conditions, carbon-supported ruthenium can also 
effectively catalyze the hydrogenation of highly hindered aromatic 
rings, such as those found in rosin (6, 7).  More recently, alumina-
supported ruthenium and other forms of ruthenium have been studied 
as hydrodesulfurization and coal liquefaction catalysts (8-11).   

While it is known that ruthenium can catalyze carbohydrate 
depolymerization, less is understood when reacting whole biomass, as 
hydrolytic lignin remains and must be separated from the catalyst.  
Base hydrolysis at 280-320°C has been used to solubilize and react the 
hydrolytic lignin to phenolic compounds (2, 12).  However, little is 
known about the effect of the ruthenium on the hydrolytic lignin under 
the base hydrolysis reaction conditions.  In this study, the catalytic 
effect of ruthenium on the degradation of lignin polymers has been 
explored. 

 
Experimental 

Commercially available hydrolytic lignin was obtained from 
Aldrich Chemical Co. and used as the starting material.  Reagent 
grade sodium hydroxide and concentrated hydrochloric acid were also 
obtained from Aldrich.  The ruthenium catalyst (5% ruthenium loaded 
on a carbon support) was obtained from Aldrich.  

Reactions were performed with and without ruthenium catalyst.  
For the latter, the catalyst loading was a 1% metal loading.  Tubing 
reactors (~25 mL) were loaded with 1.5 g of hydrolytic lignin and 10 
mL of 10% aqueous sodium hydroxide.  The reactors were initially 
purged with nitrogen to remove air and charged to 4.5 MPa with 
hydrogen gas.  An ebulating sand bath was utilized to obtain 
temperatures of 280, 300 and 320°C in three experiments, each of 
which had a residence time of 1 hour.   

The reacted materials were processed according to the flow chart 
shown in Figure 1.  Solid and liquid products were separated by 
filtration.  The liquid material was then acidified to a pH of 
approximately 2.0 and separated into acid-soluble and acid-insoluble 
fractions.  Acid-soluble compounds were then extracted with diethyl 
ether, which was then evaporated to determine yield.  Not all acid 
soluble compounds were soluble in diethyl ether.  The yield of residual 
acid-solubles and gases were determined by difference. 

The ether soluble fraction was analyzed by gas chromatography-
mass spectrometry (GC-MS) using a Shimadzu QP-5000 mass 
spectrometer.  The acid-soluble fraction was analyzed using a 
Chemagnetics M100S solid-state nuclear magnetic resonance (NMR) 
spectrometer operating at a field strength of 2.4 T and utilizing a 
spinning speed of 3.5 kHz.  The technique of cross polarization with 
magic angle spinning was employed. 

To simplify the discussion, the ether-soluble fraction will be 
referred to as LMW (low molecular weight), the acid-insoluble as 

HMW (high molecular weight), and the residual soluble material 
following extraction with diethyl ether as AS-LMW (acid-soluble-low 
molecular weight) materials. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1: Schematic of procedure to separate products. 
 
Results and Discussion 

Non-catalytic Reactions. Table 1 shows the conversions and 
yields of HMW, LMW and AS-LMW/gas fractions for 280, 300 and 
320°C reaction conditions.  In each case, conversion to either LMW, 
HMW, or AS-LMW/gas was nearly complete.  Shown in Figure 2 are 
the GC-MS chromatograms for the LMW fraction and in Figure 4 are 
solid-state 13C-NMR spectra for the HMW fraction.  Relative yields, 
which are listed in Table 1, indicate that as the reaction severity 
increases, the yield of HMW product and LMW product decreases, 
while the AS-LMW/gas yield increases, particularly at 320°C.  

 
Table 1. Conversion and Yield Data for Reaction of Hydrolytic 

Lignin With and Without Ruthenium Catalyst 
 

 
a All reactions were run for 1 hour, under 4.5 MPa of hydrogen. 
b Yield determined by difference. 
 

Reaction 
Temp 
(°C)a 

Catalyst Conversion 
(wt %) 

Yield  
HMW  
(wt %) 

Yield  
LMW 
(wt %) 

Yield AS-
LMW /Gas 

( wt%)b 
280 none 99.7 52.0 22.1 25.6 
300 none 98.1 38.2 14.6 45.3 
320 none 98.6 24.0 8.1 66.5 
280 Ru 97.6 22.6 27.5 47.5 
300 Ru 90.4 23.6 23.7 43.1 
320 Ru 93.5 21.2 16.9 55.4 
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base, hydrogen 

Acidify to 
 pH 1-2 

Soluble  
LMW 
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with ether 

Acid-soluble 
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GC-MS analyses of the LMW fraction (Figure 2) show a product 
distribution of primarily phenols and catechols, which are compounds 
typical of lignin degradation reactions.  At 280°C, guaiacol is a major 
product, as well as other methoxyl-substituted aromatic compounds.  
As the reaction temperature increases, the abundance of methoxyl-
substituted aromatics dramatically decreases, with 2,6-di-tert-butyl-p-
cresol surviving the more degradative conditions. 

Based on the solid-state NMR data (Figure 4), the HMW 
fraction was found to undergo reactions consistent with those 
previously reported in lignin maturation investigations (13-19).  The 
primary reaction results in the loss of methoxyl (Figure 4: 74 ppm) 
and catechol (Figure 4: 148 ppm) functionality with some 
preservation of phenol-like moieties (Figure 4: 154 ppm).  

Catalytic Reactions. When reactions were carried out in the 
presence of ruthenium catalyst, the conversion was slightly lower than 
for the corresponding reactions without ruthenium.  At all three 
reaction temperatures, yield of HMW does not change significantly, 
while the LMW decreases with increasing reaction temperature.  
However, the depolymerization of the starting material appears to be 
suppressed under the catalytic reaction conditions at the higher 
reaction temperature. 

GC-MS analyses of the LMW fraction (Figure 3) show the 
fraction is composed primarily of phenols and catechols, similar to 
non-catalytic reaction conditions. At 280°C, guaiacol is a major 
product, as well as other methoxyl-substituted aromatic compounds.  
As the reaction temperature increases, the methoxyl-substituted 
aromatics dramatically decrease, with 2,6-di-tert-butyl-p-cresol 
surviving the more degradative conditions. 

The HMW fraction yield did not change as significantly with 
temperature.  The most notable effect on functional group 
distributions was the loss of the methoxyl (Figure 5: 74 ppm) 
moieties, while there was some preservation of catechol (Figure 5: 
148 ppm) and phenol (Figure 5: 154 ppm) groups within the structure.   

Comparison of Non-catalytic and Catalytic Reactions. At 
280°C, the extent of depolymerization appears greater for the catalytic 
reactions.  The AS-LMW/gas yield is higher for the catalyzed 
reaction, and NMR of the HMW fraction shows a greater loss of 
oxygen functionality when catalyst is in the reaction.  The GC-MS 
data for the LMW also shows fewer oxygen substituted compounds 
compared to the non-catalytic reaction, another indication of an 
increased rate of reaction.   

However, at 300 and 320 °C, the ruthenium appears to suppress 
the depolymerization of the hydrolytic lignin compared to the non-
catalyzed reactions. The AS-LWM/gas yield is lower for the catalytic 
reactions.  Results of NMR analyses suggest that for the non-
catalyzed reactions, the HMW fraction loses more oxygen 
functionality, particularly as phenols and catechols while the 
aromaticity increases, compared to the catalytic reactions.  The GC-
MS data obtained for the LMW fractions indicates a lower percentage 
of oxygenated compounds, with relatively more substituted aromatics, 
than in the catalytic reactions.  

So what is the role of the ruthenium under these reaction 
conditions?  Ruthenium is a known hydrogenation catalyst, 
particularly selective for hydrogenating carbonyl functional groups 
and hindered aromatics (1, 6, 7).  However, the hydrogenation activity 
is highest at 25-200°C.  At temperatures of 200-300°C, it has been 
reported that dehydrogenation activity of aromatics is more dominant 
(20-21). The reaction system we are investigating is slightly different 
in that it is a base hydrolysis as well as a hydrogenation reaction.   

As observed in the non-catalytic reaction, it is thought that the 
base participates in breaking the β-O-4 bonds.  As radicals are 
generated through the reaction of the hydrolytic lignin, at 280°C, the 
ruthenium may be catalyzing the capping of methoxyl radicals with 

hydrogen and keeping the radicals from re-reacting with the HMW 
structure.  At higher temperatures, the ruthenium appears to promote 
hydrogenation of the oxygen radicals on the aromatic structures and 
preserve the phenols and catechols in the HMW structure.  It may also 
function to hydrogenate the carbonyl groups on the generated 
monomers.   

While ruthenium catalyst might suppress the complete 
gasification of the hydrolytic lignin, it does appear to selectively 
hydrogenate and retain some oxygen in the solid carbonaceous 
material.  The possible result would be less oxygen in the gas products 
and less CO/CO2 generation.  Rather than focusing on the complete 
depolymerization of lignin, the goal could be to focus on finding 
value-added applications for the products in order to improve the 
economics for the entire process.   
 
Conclusions 

Results indicate that the overall lignin conversion is reduced 
slightly with increasing temperature compared to non-catalytic 
reactions.  Acid-insoluble compounds retain oxygen functionality, as 
determined by solid state 13C NMR, when compared to their non-
catalytic counterparts.  For all reactions, the NMR data showed the 
oxygen is lost as ether, phenol, and catechol moieties.  However, in 
the non-catalytic reactions, the rate of loss of these moieties and the 
increase is aromaticity is greater than in the catalytic reactions.  If the 
ruthenium does act to suppress the depolymerization of hydrolytic 
lignin at higher temperatures, it may selectively suppress loss of 
oxygen and therefore produce less CO/CO2.  In that case, making 
value added materials from the remaining material could increase the 
viability of the entire process.  Future work will include using an inert 
gas, such as N2 in the reaction, determining the gas composition and 
yield with and without hydrogen, and searching for uses of the 
remaining solid. 
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Figure 2: GC-MS spectra of LMW for non-catalytic reactions at 280 
and 320°C. 
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Figure 3: GC-MS spectra of LMW for catalytic reactions at 280 and 
320°C.
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Figure 4: 13C NMR spectra of unreacted lignin and catalytically reacted HMW 
at 280 and 300°C. 
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Figure 5:  13C NMR spectra of reacted HMW from catalytic reactions at 280, 
300, and 320°C. 
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Introduction 
 Lignin is present (15-30 wt%) in all lignocellulosic biomass. 
Ethanol production from biomass feedstocks will always generate 
lignin containing residues.  Thus, lignin supply will progressively 
increase as ethanol plants using straw, forest residues, etc., are 
implemented in the future1. Adding value to this residue will 
significantly enhance the competitiveness of biomass-to-ethanol 
conversion. Lignin, a cross-linked amorphous phenolic polymer, is 
the biomass component with highest energy content (9000 - 11000 
Btu/lb compared to 7300 - 7500 for cellulose). Lignin can be 
combusted to provide heat and/or power for the ethanol process, and 
could provide some excess power to generate additional revenue. 
Given the molecular nature of lignin it is also conceivable to convert 
lignin into added value end products, especially fuel components.  
Previous process development studies in our project have focused on 
converting lignin to reformulated gasolines and gasoline blending 
components2,3. 
 Lignin-derived products must be compatible with the evolving 
regulations for transportation fuels.  There are specific compositional 
requirements for gasoline limiting the level of aromatic compounds 
in gasoline4.  For Federal Phase II Reformulated Gasoline (RFG), the 
limits are 1 percent benzene and 25 percent by volume total 
aromatics.  In California, the Phase III RFG specification is an 
average of 22 percent aromatics or less.  For non-RFG gasoline, the 
aromatic content is limited to the refinery’s 1990 baseline level. 
Gasoline volatility (90% should distill below 167 oC) and Reid 
Vapor Pressure (RVP, should be 48-56 kPa) are also important 
specifications. Octane number ((R+M)/2) determines gasoline fuel 
grade and ranges from 85 to 93.  It is the current goal of this project 
to convert lignin into a hydrocarbon product compatible with 
blending in gasoline that has an octane number greater than 110.  
 The sulfur-in-gasoline rule, issued in December 1999, greatly 
reduced the amount of sulfur to be allowed in gasoline by 2005. The 
new regulations for light-duty vehicles greatly reduced the allowable 
emissions of NOx, NMOG and particulates.  Automakers say these 
standards can only be achieved if virtually sulfur-free gasoline is 
available. It is estimated that the required desulfurization of gasoline 
could reduce aromatics levels in gasoline and create a loss of 
0.5 octane numbers. The predicted phase-out of MTBE, an oxygenate 
and octane enhancer, will exacerbate the nationwide shortage of 
octane. This may permit introduction of an aromatic octane-blending 
agent without an increase in permitted aromatics levels.  If the lignin-
derived octane enhancer has the same octane number as xylene (i.e., 
106), then 1.7 percent could be blended to remedy the octane loss 
without exceeding the original aromatics content of gasoline. On this 
basis, the potential US market for a lignin-derived octane enhancer 
could be 142,800 barrels per day or 2.2 billion gallons per year4.   
 This project is thus targeted to obtain the necessary scientific 
and technological data with which to evaluate the economics and 
markets for converting lignin into valuable fuel components. 
 The main source of lignin from Biomass-to-Ethanol processes is 
the high molecular weight lignin remaining in the solid residue after 
saccharification and fermentation (SSF) of the dilute acid pretreated 

biomass. The lignin is soluble in aqueous basic solutions, and can be 
readily separated by solubilization from the protein, unconverted 
carbohydrate, and other non-lignin materials present in the residue.   
 The process strategy is to depolymerize the lignin by base 
catalysis, using moderately high temperatures and short reaction 
times.  To minimize the cost of base recovery only low levels of 
soluble base are used, just sufficient to dissolve the lignin.  The 
resulting intermediate is a base catalyzed depolymerized (BCD) 
product that consists of monomeric and oligomeric phenolics. The 
BCD product is isolated by acidification and then solvent extraction 
of the raw BCD product. Catalytic hydroprocessing (HPR) is then 
used to convert the extracted BCD product into a mixture of 
monomeric aromatic hydrocarbons very similar to components 
already found in gasoline.  HPR utilizes catalysts with 
hydrodeoxygenation (HDO) and hydrocracking (HCR) activity to 
remove all remaining oxygen and break the interaromatic C-C 
linkages. 
 The target characteristics for the hydrocarbon product are: 
 Distillation characteristics 

–95% should distill <200 OC 
 Chemical composition 

–C + H > 99.5% 
–S content <0.01% (100ppm) 
–Aromatic hydrocarbons > 65% 
–No detectable phenols 

 Octane value 
–Blending octane number ((R+M)/2) > 110  

 Reed Vapor Pressure  
-Mandated limits vary  
-Maximum levels range from 7 - 10 psi 

 A process flow sheet has been constructed for the process of 
converting lignin into a high-octane hydrocarbon fuel blending 
component.  From this the production cost for the BCD-HPR product 
has been estimated at $0.60 – 0.75/gallon.  This estimate assumed the 
plant received a fraction of the lignin from a 600 tpd ethanol plant.  
Performance targets used in the calculations included that 100% of 
the lignin in the SSF residue could be solubilized to give a feed with 
an 8% lignin concentration.  The cost of base recovery was 
minimized by limiting the soluble base concentration to 1% or less in 
the lignin depolymerization step.  The overall yield of hydrocarbon 
product in the gasoline boiling range was assumed to be 70% of the 
theoretical yield, equivalent to about 50% on a mass basis.  
Extraction of the depolymerized lignin intermediate assumed that it 
could be performed with a relatively low cost solvent such as the 
BCD-HPR product or a process stream found in a petroleum refinery.  
 The value of high-octane ((R+M)/2 = 110) hydrocarbon fuel 
blending components has been estimated based on the Annual 
Energy Outlook projection of $20 – 25 / bbl for crude oil in 2010, 
and that the value of an octane boosting product is in the range of 0.7 
– 1.4 cents per octane gallon5.  The value of the lignin-derived 
gasoline blending component should be in the range of $0.97 – 1.14 
per gallon based on these assumptions.  Thus if performance targets 
can be met it should be possible to utilize the lignin from a 
bioethanol plant to enhance the competitiveness of biomass- 
to-ethanol conversion. 
 
Results and Discussion 
 Base Catalyzed Depolymerization.  Initially, systematic studies 
on the BCD reaction were performed at the U of U using stirred 
autoclaves. The effects of reaction time, temperature, and pressure, 
base type and concentration, and the solvent used, were examined. 
High yields of depolymerized lignin (60%–80%) were obtained at 
moderate temperatures and short reaction times.  
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Table 1.  Comparison of Starting Lignin to BCD Products 
 

 
 Alcell Lignin 

 
LZD-7 

 
LZD-19 

 
Volatiles (by GC) 0% 36%  ± 14% 33% ± 13% 
 
Mn 870 

 
470 

 
530 

 
Mw 2400 

 
680 

 
830 

13C NMR data (Number of Cs per 6 CAr ) 

 
Aliphatic C 2.9 

 
2.6 2.5 

 
Methoxyls 1.3 

 
0.7 

 
0.3 

 
Methyls 0.6 

 
0.9 

 
0.9 

 
Ar-OH 0.8 1.7 1.6 
 
C=O 0.1 

 
0.4 

 
0.5 

Elemental Analysis Data 
 
C% 66.6 68.8 70.9 
 
H% 5.9 6.5 6.4 
 
O% by difference 27.5 24.5 22.6 

Mn = Number-average molecular weight of peracetylated BCD;  
Mw = Weight-average molecular weight of peracetylated BCD. 
 
 As can be seen from the data in Table 1 the BCD reaction causes 
the lignin to be partially depolymerized from a mixture of dimers 
through nonamers into a mixture of monomers through trimers.  
Chemical analysis indicates that demethoxylation occurs during the 
BCD reaction, mostly through loss of the methyl group.  The largest 
identifiable component of the BCD products is normally catechol.  
Analyses also indicate that all oxygen containing functionalities in 
the lignin side-chain are lost apart from a few that are converted to 
carbonyls.  Figure 1 shows the average reaction chemistry that occurs 
during a BCD reaction. 
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(CH3)0.4
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(OH)0.7

(CH3)0.5

O0.5

MeO

O(H)0.8
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66.8% C  5.9% H  27.0% O

C8.9H6.3O0.7(CH3)0.6(OHPh)0.8
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70% C  6.5% H  23.5% O
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Repeat Unit MWt. = 170, 

Oligomer range1-mer to 3-mer  
 
Figure 1.  Average reaction chemistry for BCD reactions performed 
under aqueous conditions. 
 
 The depolymerization reaction has been scaled up into a flow 
reactor at the U. of Utah capable of processing 100g of lignin per 
hour.  
 Hydroprocessing Depolymerized lignin samples have been 
hydroprocessed at the U. of Utah into products that are 
predominately mixtures of aromatic and naphthenic hydrocarbons 
that could be blended with gasoline.  Catalysts and reaction 
conditions are still being optimized so that the product meets all 

target specifications.  Analyses of the BCD-HPR products, performed 
at NREL (Figure 2), indicate that complete deoxygenation with 
minimal hydrogenation is not easily attained. 
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Figure 2.  Variation of O/C ratio with C/H ratio for BCD-HPR 
products made at the U. of Utah. 

 A flow reactor has been brought into operation at the U. of Utah 
for production of sufficiently large samples (up to 1L) so that fuel 
property tests can be performed on lignin-derived hydrocarbon 
products.  Standard tests for distillation (ASTM D86) and vapor 
pressure (ASTM D5191) have shown that the products are close to 
meeting these gasoline specifications.  Standard tests (ASTM D2700 
and D2699) of 10 – 50% blends of HPR-BCD products with 
unoxygenated gasoline have given blending octane numbers for the 
products of 82 – 97.  Higher values are obtained when hydrogenation 
is limited, minimizing formation of naphthenes. 
 
Conclusions 

A process for converting the lignin in residues from biomass-to-
ethanol processes is being developed.  Significant progress has been 
made towards developing a process that has commercial potential.  
Increased yields, better control of hydroprocessing, and decreasing 
the cost of base recovery are the most important improvements that 
still need to be made. 
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Introduction  

Biomass gasification to synthesis gas is the most promising 
approach to share renewable energy, compared with its use as a 
combustion fuel.  This is because the synthesis gas can be converted to 
clean liquid fuels or to many important bulk chemicals such as 
methanol, acetic acid, dimethyl ether, oxo alchohols, etc.1, 2 Synthetic 
diesel and dimethyl ether, which are promising superclean fuels in the 
future, can be produced with high efficiency from the synthesis gas 
and contribute significantly to the reduction of the net CO2 emission 
into the atmosphere.3 Furthermore, the use of renewable energy 
resources, agricultural and forestall biomass, would decrease the 
petroleum dependence of many countries. However, the biomass 
gasification remains problematic because of the formation of tar, a 
complex mixture of aromatics, during the gasification of biomass even 
if the process is operated at very high temperatures.4-6 Although the 
high gasification temperature decreases the tar formation, the process 
is unsuitable because of high energy consumption, causing high 
production costs of the synthesis gas. From the economic point of 
view, the process should be operated at low temperature, which 
allows a significant savings of energy, resulting the decrease of the 
production costs. However, the formation of tar and char is more 
severe at temperatures lower than 1023 K.7 The use of an efficient 
catalyst in the gasification reactor can solve the tar and char formation 
problem by cracking them to gases even at low temperature. 
However, some reports have demonstrated that the use of nickel 
based catalyst in the primary reactor unit resulted in rapid deactivation 
of catalyst because of carbon deposition on catalyst surface.8 This 
challenge can be overcome by developing a suitable catalyst, which 
can completely convert the carbonaceous materials without the 
formation of any residue. We already have reported such a catalyst 
(Rh/CeO2), which is efficient for complete gasification of cellulose at 
low temperature (823 K).9 This paper describes the performance of 
Rh catalysts on various supports, details of operating variables, and 
the catalyst characterization. 
 
Experimental  

Procedure. The general operating system has been described in a 
previous paper.9 However, the dependence of operating conditions 
was investigated here. The amounts of cellulose feedings were varied 
from 25 to 150 mg in a batch. In each case, 0.5 g of catalyst was used. 
The total flow rate of air and Ar was varied from 110 to 200 cm3 min-1 

(STP) (W/F = 1 - 1.8 g.h/mol, where W = weight of the catalyst in 
grams and F = flow rate of the inlet gas in moles per hour) where their 
ratio was always maintained at 1.2. The reactions were carried out 
between 723 and 873 K. Temperature difference between outside of 
the reactor wall and inside of the catalyst bed and also between the 
bottom of the distributor and the center of the catalyst bed was 
continuously monitored by thermocouples. Product gases in the 
sampling gas were calculated as concentration such as, (amount of 
product gas / total amount in the effluent gas) x 100.  
 

Catalyst. Catalysts used in this process were Rh, Ru, Pt, Pd, and 
Ni loaded on CeO2 and Rh loaded on various supports prepared in our 

laboratory by a conventional impregnation method using an acetone 
solution of metal acetylacetonate such as Rh(C5H7O2)3, Ru(C5H7O2)3, 
Pt(C5H7O2)2, Pd(C5H7O2)2, and Ni(C5H7O2)2.  All of the 

acetylacetonate salts with purity higher than 99% were purchased 
from Soekawa Chemicals. CeO2 was purchased from Daiichi Kigenso 
Kagaku.  In each case, the solution was added into the CeO2 powder 
and stirred properly. Then the mixture was kept undisturbed for an 
hour. The acetone solvent was then evaporated with stirring at around 
323 K, and the catalysts thus prepared were dried at around 393 K 
overnight. The metal loading for all catalysts was 1.2 x 10-4 mol (g of 
catalyst)-1. In the case of the Rh/CeO2 catalyst, the catalysts with 0.4 x 
10-4, 0.8 x 10-4, 1.6 x 10-4, and 2.5 x 10-4 mol (g of catalyst)-1 were 
also prepared.  Granules of the catalysts (60-100 mesh) were obtained 
by pressing, crushing, and sieving. The catalysts were pretreated 
before each run at 773 K under the flow of H2 of 40 cm3 min-1 for 0.5 
h. The Brunaurer-Emmett-Teller (BET) surface areas of fresh (after 
H2 treatment) and used Rh/CeO2 catalysts were determined by a 
Gemini (Micrometrics).  
 
Results and Discussion 

We have previously investigated various types of support 
materials and supported metal catalysts for cellulose gasification in a 
batch-feeding and fluidized-bed reactor at 823 K (Table 1).9 In this 
paper we also investigated the performance of Rh catalyst on various 
supports and the results are included in Table 1. In the noncatalytic 
reaction the C conversion was only 53% which was remarkably 
increased by the presence of CeO2, ZrO2, TiO2, or MgO support 
materials on the bed. However, the synthesis gas formation increased 
only by the presence of CeO2. Because CeO2 has shown the 

performance for cellulose gasification on the basis of the C conversion 
as well as the formation of synthesis gas, we prepared CeO2-supported 
various types of metal catalysts and tested them in the gasification 
reaction. As shown in Table 1 only Rh/CeO2 promoted the C 
conversion as well as the formation of CO and H2 drastically. 
Interestingly enough, complete C conversion was achieved when 
Rh/CeO2 was used as a catalyst. The loading of Rh on other supports 
caused lower C conversion and higher methane formation that 
ultimately decreased the amounts of CO and H2. The promoting effect 
of metals supported on CeO2 is as follows: Rh >> Ru > Pt ≈ Pd > Ni.  
 It is a fact that the temperature of the catalyst bed greatly affects 
the cellulose gasification. In this work the influence of temperature on 
the C conversion and product distribution has been evaluated in the 
interval of 723-873 K and is shown in Figure 1. As expected, the C 
conversion increased with increasing reaction temperature, and 
became 100% at 823 K. At or above this temperature, the product gas 
analysis revealed that the total C in cellulose converted to gas. At 
lower temperatures than 823 K, some of the tar and/or char did not 
take part in either the combustion or the reforming reaction.  On the 
other hand, the gas composition was greatly varied with increasing 
temperature. The amounts of H2 and CO increased remarkably, 
however, the amount of CH4 increased slightly with increasing 
temperature. Furthermore, the amount of CO2 expectedly decreased 
with increasing temperature.  

The variation of the C conversion and product distribution with 
the cellulose feeding amount in a batch is shown in Figure 2.  It can be 
seen that 100% C conversion was achieved until 50 mg of cellulose 
was used in a batch. A higher amount of cellulose than 50 mg caused 
a decrease of C conversion.  Although the CO2 formation slightly 
increased when 150 mg of cellulose was used, the formation of CO 
and H2 decreased.  
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Table 1.  Effects of Various Supports and Supported Metal 
Catalysts on the Gasification of Cellulose a 

  
   Yield of gases 

/µmol 
 H2/CO    C to 

gas 
Catalyst CO  H2 CO2 CH4   wt% 

None 160 90 790 30  0.6 53 

CeO2 330 630 860 120  1.9 71 

MgO 260 430 960 60  1.7 70 
TiO2 240 560 1040 40  2.3 71 

ZrO2 180 490 1020 110  2.7 71 

Al2O3 200 480 720 60  2.4 53 

SiO2 220 230 680 60  1.0 52 

Rh/CeO2 670 1290 1060 120  1.9 100 

Ru/CeO2 490 1010 1050 130  2.1 91 

Pd/CeO2 360 830 1180 70  2.3 87 

Pt/CeO2 360 850 1080 120  2.3 85 

Ni/CeO2 280 740 1150 50  2.6 80 

G-91b 450 760 990 180  1.7 87 

Rh/CeO2
c 370 920 1160 300  2.5 100 

Rh/ZrO2 450 680 1150 250  1.5 98 

Rh/Al2O3 340 660 1210 260  1.9 98 

Rh/TiO2 220 800 960 370  3.6 84 

Rh/MgO 360 820 1010 170  2.3 83 

Rh/SiO2 400 720 698 160  1.8 68 

a50 mg cellulose (C, 1850 µmol; H2, 1543 µmol and O2, 772 
µmol ). bCommercial steam reforming catalyst: Ni, 14%; Al2O3, 
65-70%; CaO, 10-14% and K2O, 1.4-1.8%.  cCatalyst was 
placed in a secondary bed. 
 
Table 2.  Effect of W/F on the Carbon Conversion and Product 
Distribution a 

W/F O2 supply Yield of gases /µmol  C to 
gas  

gh mol-1 within  
50 s/µmol 

CO  H2  CO2  CH4  % 

1 696 1534 2930 2523 268 78 

1.2 578 1595 3101 2605 304 81 

1.4 496 1398 2880 2534 204 75 

1.8 409 1044 2226 2149 154 61 
a Cellulose 150 mg (C, 5555 µmol; H2, 4629 µmol and O, 
4629 µmol). 
 

The influence of W/F on the C conversion and product 
distribution has been studied at 823 K using 150 mg of cellulose, and 
the results are summarized in Table 2.  An increase of W/F caused the 
variation of two factors in this system: an increase of the residence 
time and a decrease of oxygen supply. The highest C conversion 
(81%) and product yield were achieved in the case of W/F = 1.2 g.h 
mol-1. 
 Figure 3 shows the performance of the Rh/CeO2 catalyst with 
various loading amounts for the gasification of 50 mg of cellulose in a 

batch at 823 K.  The C conversion and synthesis gas yield dramatically 
increased with an increase in the loading amount and reached  100% 
C conversion when the Rh loading of 1.2 x 10-4 mol (g of catalyst)-1 
was used.  However, it is contrary to the fact that the higher loading 
amount of Rh than 1.2 x 10-4 mol (g of catalyst)-1 decreased the C 
conversion.  On the other hand, the formation of CH4 increased with 
an increasing in the Rh loading, which ultimately decreased the yield 
of synthesis gas.  Ceria alone also gave the higher amount of methane.  
Actually, ceria is an effective catalyst for CO hydrogenation giving 
mainly C1-C5 hydrocarbons.10,11 In fact Ce3+, which is generated under 
reducing atmosphere has been recognized as an active site for CO 
hydrogenation reaction.12  
 
Table 3. BET surface area of Rh/CeO2 catalyst  
 
No. of batch reaction  BET surface area/ m2 g-1 

0 59 
1 24 
5 24 
10 23 
20 21 

 
Table 3 shows the BET surface area of Rh/CeO2 of both fresh 

and used catalysts. This value was 59 m2 g-1 before reaction, however, 
it was decreased drastically to 24 m2g-1 during the first batch of 
cellulose gasification reaction. However, fortunately the decreasing 
trend of surface area was very slow and it was almost constant in 
successive reactions. The catalytic activity did not change significantly 
even after 20 times of batch feeding of cellulose. 

 
Figure 1.  Effect of temperature on the Rh/CeO2 (0.5 g) catalyzed gasification of 
cellulose (50 mg; C, 1850 µmol; H2, 1543 µmol and O2, 772 µmol) with air (60 
cm3 min-1).  � : CO, O: H2, �: CH4, �: CO2 and X : C-conversion. 
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Figure 2. Effect of cellulose feeding amount in a batch on the C conversion and 
product distribution at 823 K. � : CO, O: H2, �: CH4, �: CO2 and X, C 
conversion.  
 

Figure 3.    Effect of the amount of metal loading on the C-conversion and 
product distribution. � : CO, O: H2, �: CH4, �: CO2 and X : C-conversion. 
 
Conclusions 

Rh supported on CeO2 only exhibited multifunction in this 
reaction such as increasing the C conversion as well as CO and H2 
formation. On the other hand, the formation of methane was inhibited 
on the catalyst. Total carbon conversion was achieved at temperatures 
above 823 K when up to 50 mg cellulose was used in a batch on 
Rh/CeO2 catalyst of Rh loading 1.2 x 10-4 mol (g of catalyst)-1. 
Although the surface area decreased suddenly in the first reaction, it 
was almost constant in the successive reactions and the reactivity 
remained constant. 
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EXHAUST EMISSIONS FROM A SI ENGINE FUELED 
WITH PYROLYSIS GAS  
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Introduction 

A 4-cylinder, 4-stroke, spark ignition (SI) engine of 2.5L 
displacement and 9.4 compression ratio was operated for over 100 
hours on wood-derived pyrolysis gas to measure exhaust emissions 
and performance characteristics.  The pyrolysis gas (15-16.5 
MJ/Nm3) was produced from mixed hardwood and softwood pellets, 
in NREL’s Thermochemical Process Development Unit (TCPDU) 
using a two-step, indirect gasification process [1].  A typical fuel gas 
composition is shown in Table 1.  In addition, light gasifier “tar” that 
escaped the pyrolysis gas clean-up train was consumed as fuel.  
These “tar” components were principally benzene (~1 vol. %) and 
smaller amounts of toluene, naphthalene and related aromatics. 
 
 
Table 1.  Pyrolysis Gas Composition from TCPDU in Volume % 

 
 

H2 
 
CO 

 
CH4 

 
C2H4 

 
C2H2 

 
C2H6 

 
CO2 

 
N2 

 
17.9 

 
34.9  

 
15.8  

 
4.7  

 
1.0  

 
0.5  

 
17.3  

 
6.0  

 
The manufacturer’s rated output for the engine-generator on 

natural gas (~37 MJ/Nm3) was 17 kW.  The engine-generator also 
achieved 17 kW on pyrolysis gas, albeit with slightly less stable 
performance.  This is in contrast to spark ignition engines fueled with 
producer gas (5.5-7.0 MJ/Nm3), which typically must be derated 30-
40% compared to natural gas [2].  At loads # 13 kW, the genset’s 
performance on pyrolysis gas was as good or better than natural gas, 
as measured by the ability to maintain 60 ∀ 0.3 Hz. 
 
Results and Discussion 

The regulated exhaust emissions from both natural and pyrolysis 
gas are compared in Figure 1, as a function of Lambda (λ = actual 
Air/Fuel ) stoichiometric Air/Fuel) at a load of 13 kW and ignition 
timing of 30o Before Top Dead Center (BTDC).  NOx from natural 
gas peaked (44.3 lb/MWh) at λ = 1.10, then decreased with leaner 
air/fuel mixtures.  The lean operating limit for natural gas (i.e. for a 
generator frequency = 60 ∀ 0.3 Hz) was λ = 1.18.  At this setting, the 
CO and total hydrocarbon (THC) exhaust emissions were similar to 
those from pyrolysis gas.  However, the NOx emitted from natural 
gas was 29.2 lb/MWh, in contrast to ∃82 lb/MWh from pyrolysis gas.  
There are three possible explanations for this large, fuel dependent, 
difference in NOx.  Fuel-bound nitrogen in the wood, which 
produces NOx upon combustion, contributes to the total.  However, 
given that the nitrogen content in the wood pellet feedstock was < 
0.03 wt %, this can not explain a significant amount.  Thermal NOx 
enhancement, due to higher localized flame temperatures within the 
combustion chambers, is another contributing mechanism.  This 
hypothesis may be supported by the exhaust port temperature data.  
For the comparison in Figure 1, the average exhaust port temperature 
from natural gas at λ = 1.18 was 588oC; while the average was 592oC 
from pyrolysis gas at λ = 1.22.  The slightly higher average exhaust 

port temperature was measured despite the presence of ~17% CO2 in 
the pyrolysis gas.  The CO2 would be expected to reduce the 
combustion and exhaust temperatures relative to natural gas, due to 
its high heat capacity.  This is the key mechanism by which exhaust 
gas recirculation (EGR) affects NOx reductions in reciprocating 
internal combustion engines [3]. Finally, the prompt NOx mechanism 
may be the principal explanation for the higher NOx emissions from 
pyrolysis gas, due to the presence of ethylene and acetylene in the 
fuel, typically 5% and 1%, respectively.  The prompt NOx chemistry 
depends on the presence of CH radicals, which may arise in 
significant amounts from cleavage reactions of unsaturated 
hydrocarbons [4]. 
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Figure 1.  Regulated exhaust emissions from natural gas (NG) and 
pyrolysis gas (PG) at a load of 13 kW and ignition timing of 30o 
BTDC. 
 

Figure 1 also shows that λ could be increased with pyrolysis gas 
to a lean operability limit of 1.49 (generator frequency = 60 ∀ 0.3 
Hz), resulting in a NOx emission of 22.4 lb/MWh.  At this condition, 
the averaged exhaust port temperature was 541oC, or 50oC lower than 
at λ = 1.22.  Both CO and THC emissions from pyrolysis gas began 
to increase with increasing λ.  This trend was expected, because 
unburned-fuel emissions increase as combustion temperatures 
decrease, or the engine enters lean-misfire conditions [5].  Because 
carbon monoxide is a major fuel component in pyrolysis gas, and CO 
oxidation kinetics are relatively slow, much of the CO in the exhaust 
should be considered to be unburned fuel.  
 

In order to reduce NOx emissions, the limits of lean-burn 
operation and ignition timing were explored.  Figure 2 shows NOx 
versus load curves from pyrolysis gas and natural gas.  The top 
pyrolysis gas curve is from λ = 1.30, and 24o BTDC.  Up to 
approximately 9 kW, the pyrolysis gas NOx emissions from this 
setting were very similar to the best natural gas results (λ = 1.03, 24o 
BTDC).  At higher loads there was an increase in NOx compared to 
natural gas, despite the much leaner air-fuel mixture.  The next lower 
pyrolysis gas curve in Figure 2 was obtained by optimizing the air-
fuel ratio and ignition timing for each load tested.  These data show 
that reducing NOx from pyrolysis gas combustion was most 
effectively done by lean operation, even when the ignition timing had 
to be advanced to maintain stable engine operation.  The broad air 
flammability limits of pyrolysis gas are due to the presence of 
hydrogen in the fuel, as well as the relatively low concentration of 
nitrogen (compared to producer-gas).  By exploiting this quality with 
lean-burn operation, we were able to achieve significantly lower, 
part-load NOx emissions using pyrolysis gas.  Nevertheless, it 
appears that some form of exhaust after-treatment will be necessary 
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3) Tomazic, D.  A Primer on Exhaust Gas Recirculation.  Diesel 
Progress.  October 2001, 26-30. 

for both pyrolysis and natural gas fueled, spark ignition engine-
generator systems, in order to achieve some existing and proposed 
NOx standards [6].  The “Lean-NOx” catalysts being developed for 
diesel engines may be ideal for pyrolysis gas, in order to achieve 
NOx standards and maintain high energy efficiency.  However, those 
catalytic converters are not commercially available.  Therefore, 
stoichiometric operation with conventional 3-way catalysts is the best 
approach.   

4) Miller, J. A.; Bowman, C. T. Prog. Energy Combust. Sci. 1989, 
15, 287-338. 

5) Abdel-Rahman, A.A.  Int. J. Energy Res. 1998, 22, 483-513. 
6) Air Quality Standard Permit for Electric Generating Units.  Air 

Permits Division, Office of Permitting, Registration & 
Remediation.  Texas Natural Resource Conservation 
Commission.  2001.  
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Figure 2.  NOx emissions from pyrolysis gas and natural gas as a 
function of load, Lambda, ignition timing and 3-way exhaust 
catalyst. 
 

At the bottom of Figure 2 is a two-point NOx line from 
pyrolysis gas fueled operation with a 3-way catalyst.  Difficulties 
maintaining stoichiometric operation prevented collection of quality 
data, especially at higher loads.  This was principally due to a lack of 
feedback air-fuel ratio control.  The data presented suggest that NOx 
levels similar to those from natural gas with the 3-way catalyst (also 
shown in Figure 2) are possible using this strategy.  A larger catalytic 
converter would perhaps be necessary, because of the higher raw 
NOx emissions from pyrolysis gas during stoichiometric operation.  
In either fuel case, a larger 3-way catalyst, or additional engine NOx 
control, such as EGR, would be required to meet present and future 
NOx standards for states such as Texas (0.14 lb/MWh in east Texas 
after January 1, 2005) [6]. 

 
At a given λ, NOx from pyrolysis gas fueling was higher than 

from natural gas.  However, because the of the ability to operate the 
engine at higher air/fuel ratios on pyrolysis gas at comparable 
outputs, the differences in NOx emissions between the two fuels can 
be negligible.  Regardless, the lowest measured NOx value at a load 
of 9 kW is still an order of magnitude higher than proposed U.S. 
emissions standards for small generators.  Further reductions in NOx 
emissions from SI engines will have to come from enhanced lean-
burn performance and/or addition of exhaust after-treatment 
technologies.  Alternatively, engines could run stoichiometrically 
with feedback control and a 3-way exhaust catalyst, as developed by 
the automotive industry. 
 
References 

 
1) Ratcliff, M. A.; et. al. Biosyngas Characterization Tests, 

NREL/TP-510-31224. 1998. 
2) Shashikantha, Parikh, P. P.  Spark Ignition Producer Gas 

Engine and Dedicated Compressed Natural Gas Engine 
Technology Development and Experimental Performance 
Optimization.  SAE 1999-01-3515, 1999. 

Fuel Chemistry Division Preprints 2002, 47(1), 386



Fuel Chemistry Division Preprints 2002, 47(1), 387

Substituent Effects in the Pyrolysis of Lignin Model
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Introduction
Lignin is the second most abundant natural biopolymer found in

vascular plants and a potential source for renewable chemicals and
fuel.  Lignin is also a byproduct from pulping processes in paper
mills, and over 975 million solid tons of lignosulfonate are produced
each year.1 However, lignin is underutilized because the
decomposition of the polymeric structure yields crude mixtures of
products and bio-oils that are highly oxygenated and typically need to
be upgraded before it can be used.  As a consequence of the poor
quality of the bio-oils, a large fraction of lignin is burned. Thus, more
control is needed over the depolymerization of this complex
heterogeneous polymer into higher valued products, Our goal is to
provide a better understanding of the chemical reactions that occur
during the thermal processing of lignin, to control the product
selectivities and yields.

The dominant backbone unit of the lignin structure is the β-O-4
linkage (47-60%). The simplest model of the β-O-4 linkage is
phenethyl phenyl ether (PPE).  Recently, our group studied the
decomposition of PPE, in the gas and liquid phases, to clarify the
primary reaction pathways.2 This study resolved that PPE
decomposed by a free radical chain pathway rather than a concerted
retro-ene reaction3 that was previously proposed.  The free radical
chain pathway also explained the formation of two previously
unreported primary products, toluene and benzaldehyde, which were
formed in a 1:1 ratio and accounted for 25% of the product mixture.
These products were formed by hydrogen abstraction at the β-
carbon, followed by 1, 2-O, C-phenyl shift and β-scission as shown
in Figure 1.

Figure 1.  Hydrogen abstraction reactions in the free radical
decomposition of PPE.

To determine if this free radical chain pathway occurs for
substituted PPE’s, a systematic study of the impact of substituents
on the thermal decomposition of lignin model compounds was
initiated.  As a consequence of the complexity of the reaction
mixtures and the reactivity of the products, the thermolysis was
studied in the liquid phase with biphenyl as a solvent to minimize
secondary reactions of the primary products. This study will focus
on the impact of substituents on the rate of decomposition and
selectivity of hydrogen abstraction at the α and β-positions, which is
determined by the ratio of products formed from the subsequent
reactions (see Figure 1).

Unfortunately, a substituent can affect many steps in a reaction.
For example, an o-methoxy substituent is predicted to weaken the β-
O-4 linkage (hence accelerate the rate of decomposition), alter the
selectivity of hydrogen abstraction at the α and β-position (which
will alter the product distribution) and alter the rate of 1, 2-O, C-
phenyl shift.  Thus, a systematic study of the impact of substituents
on the rate of decomposition and product selectivity is needed to
unravel the substituent effect on the reaction steps.  This
investigation will focus on oxygen containing substituents and the
compounds to be studied are shown in Figure 2.

Figure 2.  Substituted PPE compounds investigated.

Experimental
Materials.  Standards were purified to > 99.9% by GC analysis.

Biphenyl was purified by recrystallization from ethanol. Cumene is
purified by fractional distillation and 2, 5-dimethylphenol was
recrystallized from ethanol.  Benzyl phenyl ether (Aldrich) did not
require further purification.

The synthesis and purification of PPE (99.9% pure by GC),2 α-
OH-PPE (99.9%),4 o’-OCH3-PPE (99.6%),5 p-OH-PPE (99.9%),6
has been previously reported. The procedure for the synthesis of p’-
OCH3-PPE (99.9%) was similar to o’-OCH3-PPE, except that p-
methoxyphenol was used rather than guaiacol.  The procedure for the
synthesis of α, p-OH-PPE (99.4%) was similar to that for α-OH-
PPE, except a benzyl protected p-hydroxyacetophenone was used as
the starting material.

Thermolysis procedure.  Pyrex tubes with an internal volume
of ca. 3.1 mL were washed with detergent then rinsed extensively
with distilled water, acetone, CH2Cl2, and ethanol and dried in an
oven  at 120 °C.   The tubes are cooled under argon and loaded with
the ca. 30.0 mg of the substituted ether and diluted 8-fold with
biphenyl.   The tubes were connected to a high vacuum line via
Swagelok fittings with Teflon ferrules, degassed by a minimum of
three freeze-pump-thaw cycles and sealed at < 2.5 x 10-5 Torr.  The
tubes were placed into a boat (2.54 cm x 35.6 cm) beside a RTD
thermocouple, and slid into the center of a Carbolite three-zone
furnace (45 cm x 3.8 cm i.d.) where the temperature was maintained
within ±1ºC of the setpoint.  Sample heat up times were ca. 3
minutes.

At the end of the reaction time, the tubes were removed from the
oven, cooled to room temperature and frozen in liquid nitrogen.  The
tubes were opened and the samples dissolved in the minimum amount
of high purity acetone (EM Scientific, Omni Solve, typically 200 µL),
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and the standards (cumene, dimethylphenol and benzyl phenyl ether)
were added in acetone.  

Analytical Methods.  Product analysis was performed on a
Hewlett-Packard 5890 Series II gas chromatograph equipped with a
flame ionization detector, and the identification of products was
confirmed by comparison of retention times and mass spectral
fragmentation patterns with authentic samples using a Hewlett-
Packard 5972A/5890 Series II GC-MS (EI 70 eV).  Both instruments
were equipped with a J&W DB-5 5% diphenyl- 95%
dimethylpolysiloxane capillary column (30 m x 0.25 mm i.d. with
0.25 µm film thickness). The injector temperature was 280 ºC, and
the detector temperature was 305 ºC.  The oven was programmed
with an initial temperature of 45 ºC, and the temperature was ramped
to 300 ºC at 10 ºC/ min and held for 20 minutes.  The carrier gas,
helium, was set at a constant flow rate of 1.0 mL/min.

Samples were injected four times onto the GC using a HP 7673
autosampler.  The products were quantitated, and the data was
averaged using the GC-FID output relative to the internal standards.
Typical shot to shot reproducibility was ±2%. Response factors
were measured with authentic samples or estimated from measured
response factors for structurally related compounds and based on
carbon number relative to the internal standards.  Reaction mixtures
were also silylated to the trimethysilyl ether derivatives with N,O-
bis(trimethylsilyl)trifluoroacetamide in pyridine (1:2) to determine if
the products contained an alcohol functional group. Conversion
calculations were based on the recovered products and the charge of
the substituted PPE.  The rate of reaction was calculated from the
conversion over the corrected reaction time.

Results and Discussion
Thermolysis of the substituted PPE model compounds was run

at 345 °C diluted in biphenyl (8-fold) and the reaction time was
varied to keep the conversion low (<10%) so the primary products
could be observed.  Products from the reactions were consistent with
the free radical chain mechanism proposed for PPE (see Figure 1).
The selectivity for products formed from hydrogen abstraction at the
α- and β- carbons is referred to as α/β selectivity. The selectivity is
calculated from the products containing (C6 + C8 fragments)/C7
fragments for the PPE backbone. By the reaction stoichiometry, the
ratio of the number of moles of C6 fragment (analogous to PhOH in
PPE), to the C8 fragment (analogous to PhCH=CH2 in PPE and
products derived from PhCH=CH2) and the C7Tol to C7ald (analogous
to PhCH3 and PhCHO respectively) should be unity if all the primary
and secondary products are taken into consideration.  The C6/C8 and
the C7Tol/C7Ald balances for the liquid phase runs and their mass
balances will be discussed on an individual basis for the substituted
PPE’s.

All runs were made in duplicate, and their rates,  selectivities and
product distributions were in excellent agreement  (±10%, unless
otherwise noted) between the runs.  For PPE, the mass balance was
99.7%, and the fragment balances were 1.02 ± 0.05 and 1.01 ± 0.01
(C6/C8 and C7Tol/C7Ald respectively). The α/β selectivity for PPE at
345 °C is was found to be 3.9 when diluted in biphenyl (Table 1), but
only 2.9 as neat solution.2 This indicates that there is a slight
concentration dependence to the product selectivity which is
surprising since no concentration dependence was observed at 375
°C.2

Table 1.  Reaction Rates and Product Selectivity from the
Thermolysis of Substituted PPE’s at 345 °C in Biphenyl

Compound % Conversion Rate (%/h) α / β
PPE 3.8 1.7 3.9
o’-OCH3-PPE 3.6 8.5 4.6
p’-OCH3-PPE 4.6 10.7 3.0
α-OH-PPE 1.9 2.0 3.4
 p-OH-PPE 2.1 10.4 5.0
α,  p-OH-PPE -* -* -*

-* Fragment balances were not close to unity, see text. %Conversion
based on reaction products and starting charge of material.  Rate based
on %conversion over the corrected reaction time (see experimental).

o’-OCH3-PPE. The pyrolysis of the o’-OCH3-PPE produced
products consistent with the proposed free radical pathway described
for PPE.  The major products include styrene and guaiacol in a 1:1
ratio, and less than 10 mol % each of toluene, ethyl benzene, anisole,
phenol, and o-anisaldehyde. The mass balance was 95.3% at 3.6%
conversion.  The reaction rate increased 5-fold for o’-OCH3-PPE
compared to PPE.  It has been reported that the o-methoxy
substituent weakens the C-O bond by ca. 4 kcal mol7 so a rate
enhancement was expected.  In the FVP of o’-OCH3-PPE (where
only unimolecular reactions can occur), the o-methoxy substituent
enhanced the rate of decomposition by 4-fold compared to PPE.5

The α/β selectivity increased 20 % for o’-OCH3-PPE compared
to PPE. This increase in selectivity could be a consequence of a
reduction in the hydrogen abstraction rate constant for hydrogen
abstraction at the β-carbon or a reduced rate constant for the 1,2-O,
C-phenyl shift (so that bimolecular hydrogen transfer between the α
and β-carbons competes) because of steric or electronic effects.  In
the neophyl rearrangement, electron donating substituents were found
to decrease the rate of rearrangement while electron withdrawing
substituents increased the rate of rearrangement.8  Thus, the o’-
methoxy substituent is expected to reduce the rate of the 1,2-phenyl
shift.  To investigate the potential role of steric effects in the reaction,
the p’-methoxy substituted PPE was studied since this substituent
should have similar electronic properties but different steric
interactions.

p’-OCH3-PPE. Products from the pyrolysis of the p’-OCH3-
PPE were analogous to those proposed from the free radical pathway.
The major products were styrene and 4-methoxyphenol produced in a
1:1 ratio, analogous to o’-OCH3-PPE. The mass balance was 97.9 %
for a conversion of 4.6%.  The reaction rate increased 6.3-fold
compared to PPE (and 1.3-fold compared to o’-OCH3-PPE).

The α/β selectivity for p’-OCH3PPE was 35 % smaller than
that found for o’-OCH3-PPE.  This indicates that the o’-methoxy
substituent does impose steric constraints on the reaction.  The
methoxy-substituent also appears to enhance hydrogen abstraction at
the β-carbon.

α -OH-PPE. Acetophenone and phenol were the dominant
products formed (25.5 and 39.6 mol % respectively) in the
thermolysis of α-OH-PPE.  Benzene, toluene styrene, benzaldehyde,
phenol, benzyl alcohol, phenylacetaldehyde, and dehydrated α-OH-
PPE were formed in smaller amounts (0.80-7.0 mol %).  The mass
balance was 95.7% at a conversion of 1.9 %. It is seen from Table 1,
that the selectivity of α-OH-PPE is only 13% smaller than PPE, and
the reaction rate only 1.2x larger than PPE, indicating that the α-
hydroxy substituent has little impact on the reaction selectivity.

To account for the additional products found in the reaction
mixture, there are two possible phenyl shifts that cam follow
hydrogen abstraction at the β-carbon.  If the aryl ring connected to
the oxygen shifts, then the products of the β-scission are
benzaldehyde and the α-hydroxybenzyl radical (Figure 3a).  The α-
hydroxybenzyl radical can either abstract hydrogen from the starting
material (which is the most likely source of hydrogen at low
conversions) to give benzyl alcohol, or it may lose a hydrogen atom
to give benzaldehyde.  If the other aryl ring shifts, i.e., 1,2 phenyl
shift, the phenoxy radical and the tautomer of phenylacetaldehyde are
formed following β-scission (Figure 3b).  All of these compounds
were detected in the reaction mixture. Again this is difficult to predict
without further exploration for the decomposition of the α-
hydroxybenzyl radical.
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Figure 3.  Possible pathways following β-hydrogen abstraction.

 p-OH-PPE. Products from the pyrolysis of p-OH-PPE are
analogous to those that follow the free radical pathway.  Phenol and
p-vinylphenol make up the largest fraction of the product mixture,
41.4 mol % and 37.2 mol % respectively, from the hydrogen
abstraction at the α-carbon. Benzaldehyde and p-cresol (8.3 mol%
and 7.3 mol% respectively), which are formed from the β-hydrogen
abstraction, followed by the 1,2-O, C-phenyl shift and β-scission,
were formed in ca. a 1:1 ratio. However, the p-OH-PPE had a low,
and slightly irreproducible mass balance of 88.5% at a conversion of
2.1%.  The fragment balances showed reasonable agreement with a
C6/C8 value of 1.07 ± 0.05, and C7/C7 value of 1.14  ± 0.0. The rate
was enhanced by 5.8x, but the selectivity was only enhanced by 1.3x
for p-OH-PPE compared to that of PPE. The increase in reaction rate
may be attributed to participation of the p-hydroxy group in the
hydrogen abstraction reactions, however no new products are seen.
This is under additional investigation.

α , p-OH-PPE. The pyrolysis of the α,p-OH-PPE left many
unanswered questions.  This compound was completely consumed in
15 minutes at 345 °C.  The mass balance was ca. 60.8 %, and the
fragment balances were poor, which indicate that many of the
primary products undergo secondary reactions.  One problem is the
reactivity of the hydroxybenzyl alcohol, which is a potential product
in the reaction but was not observed. A preliminary investigation of
the reactivity of hydroxy and methoxy substituted benzyl alcohols at
345 °C, indicates that these compounds are not stable under the
reaction conditions and undergo ionic and free radical reactions.

Conclusions
In general, the free radical chain mechanism proposed for PPE

explains most of the pyrolysis products formed from the substituted
PPE’s.  The rate of reaction increases if the substituent can stabilize
the radicals formed from the C-O homolysis (such as a methoxy
group), or if the substituent increases the rate constant for hydrogen
abstraction.  A subtle balance between rates for competitive hydrogen
abstraction, 1,2-phenyl shift, and β-scission steps controls the
product selectivities.  Unfortunately, the rate constants for hydrogen

abstraction by phenoxy or substituted phenoxy radical from
hydrocarbons are not known, and as a consequence of polar effects in
the hydrogen abstraction reaction, they cannot be reliably estimated
by standard thermochemical kinetic techniques.  Similarly, rate
constants for the O, C-phenyl shift are not known. To predict the
decomposition of the oxygenated materials, the rate constants for
these processes are needed.  Future studies include the study of the
fast pyrolysis of the lignin model compounds by atmospheric
pressure flow pyrolysis with on-line monitoring of products by
molecular beam mass spectrometry to address these issues through
direct kinetic measurements.
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HYDROGEN TRANSFER REACTIONS OF PHENOXY
RADICALS STUDIED BY LASER FLASH PHOTOLYSIS

TECHNIQUE

Reza Dabestani,* Ilia N. Ivanov, Phillip F. Britt, Michael E. Sigman,
and A. C. Buchanan, III

Chemical Sciences Division, Oak Ridge National Laboratory,
Oak Ridge, TN 37831

Introduction
Aryloxy radicals are important intermediates in the thermal

decomposition of lignin and low rank coals. Their rate of formation,
termination, hydrogen abstraction, and addition (i.e. cross-linking)
have a significant impact on the product yields and distributions. The
Arrhenius parameters of hydrogen abstraction reactions of phenoxy
radicals with substituted phenols and hydroperoxides have been
reported.1 However, there are only a few reports of Arrhenius
parameters for hydrogen abstraction by phenoxy radicals from
hydrocarbons. This is mainly due to the experimental challenges
associated with the slow relative rates of hydrogen abstraction by
phenoxy radical from hydrocarbons and the very rapid recombination
rates of phenoxy radicals. In previous studies Britt et al.2 have
assumed that the Arrhenius parameters for hydrogen abstraction by
phenoxy radicals from hydrocarbons are similar to that of benzyl
radical. However, this does not take into account the well-known
polar effects in free radical reactions.3 Since hydrogen abstraction
reactions of aryloxy radicals plays an important role in the processing
of energy resources, such as lignin and low rank coal, we have
undertaken this study to investigate the kinetics of hydrogen
abstraction by phenoxy and substituted phenoxy radicals from
hydrocarbons structures found in energy resources, such as toluene,
diphenylmethane and fluorene. The data obtained from such studies
will serve as a benchmark for thermochemical kinetic estimates on
related systems.

Experimental
Diphenyl oxalate (DPO), di-(4-methoxy)-phenyl oxalate

(PMPO), and di-(2,6-dimethoxy)-phenyl oxalate (DMPO) were
synthesized (Scheme I) as precursors for this study using a literature
method.4 Laser flash photolysis set-up has been described elswhere.5
For the excitation light, 308 nm line of an excimer laser (Lambda
Physik, 20 ns pulse width) or the third harmonic (355 nm, 5 ns pulse
width) of a Minilite II ND:YAG (Continuum) was employed. The
excitation beam was overlapped with the probe beam (450-W xenon)
delivered to the sample at right angle to the excitation. Changes in the
relative transmission of the probe beam, which was directed into the
entrance port of a monochrometer, as a function of time due to
transient formation were detected by a photomultiplier tube (PMT)
attached to the exit port of monochrometer.  The output of PMT was
amplified by a two-stage amplifier and the signal was fed into a
LeCroy 9354A transient digitizer for data acquisition. All digitized
kinetic signals from the transient digitizer were fed to a GPIB board
(National Instruments) and stored as ASCII files. The data were then
transformed to time-resolved absorption spectra using Origin 6.0
software (Microcal). A thermostated cell holder was employed to
study the effect of temperature on hydrogen abstraction rate for
phenoxy radicals. For room temperature experiments, we used a flow
cell to pump new solution into the cell for each laser shot to avoid
interference from the excitation of products formed during the first
laser pulse. For high temperature studies, solutions of the oxalates in
dimethoxy ethyl ether with and without the hydrocarbon (H-donor,
e.g. diphenylmethane, fluorene, etc.) were placed in a 1-cm quartz
cell. After exposure to a single laser shot, the solution was discarded
and replaced with a fresh solution, allowed to equilibrate to the
desired temperature, then flashed. This procedure was repeated for all
the kinetic data reported in this study. Purging of the samples with

argon had no effect on the kinetics of the observed transients
suggesting oxygen does not quench these transients.
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                                       Scheme I
Results and Discussion
      Introduction of methoxy substituents into the phenoxy ring of
DPO causes a red shifting of the absorption spectrum. Although
DMPO contains two methoxy substituents in the ortho-position, the
absorption spectra of PMPO which bears only one methoxy group in
the para-position is considerably more red-shifted (~ 10 nm) than
DMPO. Time-resolved transient absorption spectra of DPO,
DMPO, and PMPO obtained at various time intervals after the laser
pulse (308 nm) show the formation of a transient in the 300-450 nm
region (due to phenoxy  radical)6 which slowly decays to produce a
longer lived transient(s) with absorption in the 500-650 nm region.
Because excited state lifetime of the initially formed triplet states is
most likely in the pico-second time regime (which is outside of our
time resolution limit), we only observe the appearance of phenoxy
radical (us time domain) which absorb around 400 nm. The phenoxy
radical can form from the breaking of carbon-oxygen bond in the
triplet excited state of the oxalate. The observed red-shifting of the
transient absorption, upon the addition of methoxy groups on the
phenyl ring, further supports the notion that the observed transient is
due to phenoxy radical formation.6 Figure 1 shows the time-resolved
transient absorption spectra of DPO obtained at 50 us time intervals
after the laser pulse. The decay of the 395 nm peak with time is
accompanied by the evolution of the 530, 560, and 600 nm peaks.
Single exponential fit of both the rise for 560 nm peak (Fig. 2) and the
decay for 395 nm peak (Fig. 3) gives a lifetime of 20 us.
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    Figure 1. Time-resolved transient absorption spectra of DPO in
    air-saturated dimethoxy ethyl ether taken at 50 us time intervals
    after the 308 nm laser pulse.
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Figure 2. Growth of the 560 nm peak with time and its single
exponential fit observed for DPO in air-saturated dimethoxy ethyl
ether.

Time-resolved transient absorption spectra of PMPO and DMPO
show similar behavior, but are red shifted. The quenching of phenoxy
radical by various hydrocarbons (e.g. diphenylmethane, fluorene, and
toluene) is currently under investigation to obtain the rate constants
for H-abstraction by phenoxy radicals. The rate constant for H-
abstraction will be measured at various temperatures in order to
determine the Arrhenius parameters. One of the limiting factors in
such studies is thermal stability of the oxalate at higher temperatures.
Thermal stability studies are currently being conducted on DPO,
DMPO, and PMPO to determine the feasibility of using the laser

flash photolysis technique to study H-abstraction rates at higher
temperatures. The results of this investigation will be presented at the
meeting.
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      Figure 3.  Decay profile for 395 nm transient and its single
      exponential fit observed for DPO in air-saturated dimethoxy
      ethyl ether.

Conclusions
Laser flash photolysis of a number of light sensitive oxalates

proceeds to produce the corresponding phenoxy radicals. Time-
resolved transient absorption spectra of these oxalates show strong
absorption around 400 nm in good agreement with the reported
literature values. The initially formed transient (due to phenoxy
radical) slowly decays to produce a new transient(s) with strong
absorption in the 500-600 nm region. The nature and identity of the
newly formed transient(s) is currently under investigation Studies are
also underway to determine the effect of concentration on the
formation of new transient(s) and the rate constant for H-abstraction
from hydrocarbons by phenoxy radicals.
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Introduction 

Levoglucosan 1,6-anhydro-β-D-glucopyranose is known to be an 
important intermediate in the pyrolysis of cellulose, but little is 
known about its subsequent thermal degradation.  Levoglucosan is 
formed in high yields (up to 60 %) by the pyrolytic unzipping of 
cellulose. 

 
 
 (1) 

 
 

Section of cellulose  Levoglucosan 
In a study of the thermal degradation of levoglucosan (600°C 
residence time = 8 min.), Shafizadeh and Lai1 measured small 
molecular products such as 2-furaldehyde, 2,3-butanedione, 
pyruvaldehyde, acetaldehyde and glyoxal.  They attempted to identify 
reaction mechanisms for the degradation of levoglucosan through 
radioactive labeling (14C) of the 1,2 and 6 carbon of levoglucosan and 
measurements the incorporation of this radioactivity into the 
pyrolysis products.  Based upon earlier work by Gardiner2 on 
cellulose pyrolysis, Shafizadeh and Lai proposed that levoglucosan is 
initially converted to 3,6-anhydro-D-glucose. 

 
 
           (2) 
 
 

          3,6-anhydro-D-glucose 
Gardiner's work2 also showed that this product can be thermally 
converted into 1,4:3,6-dianhydro-D-glucose. 

 
     (3) 
  
 
 

1,4:3,6-dianhydro-D-glucose 
Recently Li et al.3 measured the evolution of CH2O, CO and CO2 
from the thermal degradation of levoglucosan using gas phase 
infrared (IR) spectroscopy.  Finally, we have measured the global 
kinetics of the pyrolysis of levoglucosan using molecular beam mass 
spectrometry. 4   

Here we will report some of our work on the pyrolysis of 
levoglucosan in which we measure products by matrix isolation IR 
spectroscopy.  Our studies are aided by electronic structure 
calculations (B3LYP/cc-pVDZ), which will allow us to accurately 
estimate reaction energies and occasionally reaction barriers.  These 
values will be essential for estimating reaction kinetics.  

Experimental  
Pyrolysis experiments are conducted in flowing argon in a two-

stage alumina tubular reactor (1 cm ID) and the products are 
deposited on a cold (8 K) salt window at the tip of cryostat.  
Levoglucosan is volatilized in the first stage of the reactor (resistively 
heated with nichrome wire) and pyrolyzed in the second stage 

(resistively heated with tungsten wire).  The maximum practical 
temperature for the second stage is roughly 1200 °C. We estimate 
that the pressure in the reactor is about 100 mtorr and the residence 
time is about 1 ms.  The levoglucosan is fed into the first stage of the 
reactor in a quartz boat that is fastened to the end of a thermocouple.  
The temperature of the sample is controlled so that sufficient 
levoglucosan is volatilized but so that the concentration is low 
enough that bimolecular reactions are minimized and good isolation 
is obtained.  Once a sample has been deposited, IR absorption spectra 
are recorded using a Nicolet Magna 550 spectrometer.  

Results and Discussion 
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 Figure 1 Matrix isolation IR spectra of levoglucosan (top half) and 
its pyrolysis products (bottom half).  The top experimental spectrum 
of levoglucosan is compared to that computed with B3LYP/cc-pVDZ 
calculations.  In the bottom half, the measured spectrum is compared 
to the calculated spectrum of 3,6-anhydro-D-glucose. 

Figure 1 shows the matrix isolation infrared absorption spectra 
of a typical pyrolysis experiment involving levoglucosan.  The top 
half of the figure compares the experimentally measured IR spectrum 
of levoglucosan with the IR spectrum calculated using B3LYP/cc-
pVDZ.  The experimental spectrum was collected by heating the 
levoglucosan to about 60 °C as measured by the thermocouple near 
the sample boat.  At this temperature the vapor pressure of 
levoglucosan5 is about 10–5 torr and a mixing ratio with the argon of 
about 1/10,000.  The calculated spectrum is uncorrected and was 
obtained using the Gaussian98 program suite6 running on a SGI super 
cluster at the National Center for Supercomputing Applications.  The 
B3LYP technique has been shown7 to produce reasonable frequencies 
and IR intensities.  Since the calculated transitions are harmonic 
frequencies, they are typically shifted to a higher energy than the 
experimentally observed transitions by roughly 3%.  As can be seen 
from this figure, the fit of the calculated spectrum to the experimental 
spectrum is good.  
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The bottom half of Figure 1 shows the experimental spectrum 
obtained when the second stage of the reactor is heated to 800 °C, 
while the sample is held at 60 °C in the first stage.  The observed 
spectrum contains only gas phase pyrolysis products as well as some 
remaining levoglucosan, which has been subtracted from the 
spectrum presented in the figure.  Since the concentration of the 
levoglucosan is low, this spectrum contains products that are 
primarily a result of unimolecular decomposition of levoglucosan.  
We tested this by changing the vaporization temperature and thus, the 
concentration of the levoglucosan.  We saw no change in the IR 
spectrum when the concentration was lowered.   
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The infrared spectrum that we obtain by pyrolyzing levoglucosan 
at 800 °C is suggestive of that calculated for 3,6-anhydro-D-glucose.  
This calculated spectrum is shown in the bottom half of Figure 1, 
above the experimental spectrum.  As can be seen there is a good fit 
of most of the features to this calculated spectrum to the experimental 
spectrum.  There is an intense peak at 1075 cm–1

, which may result 
from 1,4:3,6-dianhydro-D-glucose.  Our calculations show that this 
molecule should have two intense transitions at 1068 cm–1 and 1103 
cm–1 (harmonic frequencies).  Further evidence for the formation of 
these two molecules lies in the fact that no IR transitions were 
observed in the region from 1650 cm-1 to 1850 cm–1.  Elimination of 
water or formaldehyde should result in intense peaks in this region.  
The absence of intense transitions in this region suggests that the 
products are unsaturated.  

Calculations of Reaction Pathways  In order investigate 
possible decomposition pathways for levoglucosan further, we used 
density functional theory (B3LYP) to estimate reaction energies for 
some like decomposition reactions.  This technique has an RMS 
accuracy of about 3 kcal mol–1 compared to the G2 set of molecules.8  
Figure 2 shows the relative energies of some of the potential products 
from the unimolecular decomposition of levoglucosan and their 
calculated energies.  These will be discussed below. 

Figure 2 Calculated relative energies of different products from the 
pyrolysis of levoglucosan.  

Homolytic bond dissociation in levoglucosan will not be 
important under typical pyrolysis conditions because the bond 
strengths are too high.  The weakest bonds are the C–O ether bonds 
which will have bond energies9 of about 82 kcal mol–1.  With a large 
pre-exponential factor of 1015 s–1, which is typical for bond scissions, 
the rate constant for these reactions at 600°C would be smaller than 
10–6 s–1.  This is much smaller than the observed global rate constant 
(0.45 s–1) for levoglucosan destruction.4 

Concerted reaction mechanisms are more likely.  Dehydration of 
the alcohol groups to form alkenes is an example of this type of 
reaction.  Loss of water from levoglucosan can result in the formation 

of a vinyl alcohol.  For example, loss of the OH from the number 3 
carbon can form the following vinyl alcohol. 

 

O

O
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OH

OH

O
O

HO OH

Ğ H2O          (4) 
 
 
 

We calculate a reaction enthalpy for reaction (4) of ∆reactH298 K = 14.0 
kcal mol–1.  The same reaction enthalpy is calculated for loss of the 
OH from the number 2 carbon, suggesting that all of the possible 
dehydration reactions involving the three OH groups in levoglucosan 
have a similar reaction enthalpy. We have conducted an exhaustive 
study of these types of dehydration reactions using electronic 
structure techniques10 and found that the reaction barriers are about 
69 kcal mol–1. Vinyl alcohols formed by dehydration reactions such 
as are shown in reactions (4) are likely to be quickly followed by 
enol-keto tautomerizations such as 

 
O

O

HO OH

O
O

HO O

 
            (5) 
 
 

We calculate a reaction enthalpy of ∆reactH298 K = –12.6 kcal mol–1 a 
reaction barrier of 56.2 kcal mol–1 for this type of reaction.  From the 
computed barriers and vibrational frequencies, we obtain a rate 
constant of about 10–4 s–1 (at 600°C) for reaction (4) and 100 s–1 (at 
600°C) for reaction (5).  Since the first rate constant is low compared 
to the global rate constants for levoglucosan (0.45 s–1),4 reactions (4) 
and (5) should not be important.  Indeed we do not observe IR 
transitions for these products.  

We are considering a mechanism for (2) and (3) involving an 
oxonium ion.  For instance, reaction (2) may involve the following 
steps. 
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Our calculations suggest that formation of the oxonium ion, the first 
intermediate in (6), may require less than 50 kcal mol-1. This could 
make reaction (2) possible under pyrolysis conditions.  Furthermore 
the anhydro product from reaction (3) may be formed directly from 
this oxonium ion. 
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Introduction
The production of fuels and chemicals from the thermochemical

processing of biomass depends on an understanding of the complex
pathways and underlying mechanisms.1  Unfortunately, the reaction
pathways that lead to the complex array of products are still not
resolved, and there is little insight into controlling product selectivity.
To gain fundamental mechanistic insight into the pyrolysis of lignin, a
major component of biomass,2 our research has focused on the
pyrolysis of model compounds that contain key structural elements
found in native lignins.3-5  The flash vacuum pyrolysis of lignin model
compounds containing the β−O-4 linkage, which is the dominant
linkage in lignin, has been reported.4,5  These studies provided insight
into the primary gas-phase reaction that occurs at 500 °C under low
concentration conditions that favor unimolecular reactions.  The
reaction pathways were significantly more complex than expected,
and the dominant reaction was C–O homolysis followed by
intramolecular hydrogen abstraction, 1,2-phenyl shift, and/or
β−scission of subsequent radicals to form stable products.  In this
study, the fast pyrolysis of lignin model compounds was investigated
at atmospheric pressure in a stream of helium with real time sampling
of the products by mass spectrometry.  Under these reaction
conditions, bimolecular reactions can compete with the unimolecular
reactions for the formation of products.  In this investigation, the
pyrolysis of phenethyl phenyl ether (PPE) and its methoxy
derivatives, o-CH3O-PPE and (o-CH3O)2-PPE, was studied at 500 –
650 °C with residence times of 0.3 and 0.6 s.

O O
OCH3

O
OCH3

H3CO

PPE o-CH3O-PPE (o-CH3O)2-PPE

Experimental
The synthesis of the model compounds has been previously

described.3,5

The study of pyrolysis by MBMS has been described
previously.6,7  All reactions were carried out at atmospheric pressure
in a quartz tube reactor from 500 °C to 650 °C. A schematic diagram
of reactor coupled to a molecular-beam mass spectrometer sampling
system is shown in Figure 1.  The quartz reactor consisted of inner
and outer tubes, with pyrolysis occurring in the inner tube and the
outer tube providing additional helium flow to satisfy the demands of
the MBMS.  The length of the inner tube from the sample to the end
was 37 cm while the length of the mixing regime was 13 cm.  A
reactor with a spiral reaction section was used, so longer length and
higher gas linear velocities could be achieved, which improved the
flow characteristics.  A fraction of the sweep gas (He) was introduced
into the reactor through a side port where samples were inserted to
facilitate sample introduction.

A sample (1-10 mg) contained in a quartz holder, or “boat”, was
inserted into flowing, preheated helium carrier gas.  The carrier gas
was introduced through the ends of inner and outer tubes and vapors
exiting from the pyrolysis reactor (inner tube) were diluted with neat
carrier gas in the outer tube. The hot gases exiting the reactor are
expanded through an orifice on the apex of a sampling cone into the
stage one vacuum at 40 mtorr. The pressure difference is sufficient for
free-jet expansion, which quenches the products and allows the full
range of products, including light gases, high-molecular-weight

compounds, and reactive products, to be simultaneously sampled and
analyzed. A molecular beam, collimated through a second expansion,
enters an ion source, where approximately 17 eV electron impact
ionization is used to form ions.  The ionization voltage was adjusted
to minimize fragmentation of the lignin model compounds while
maintaining good sensitivity.  The gas phase residence time is defined
as the time in the pyrolysis (inner) tube and in the mixing region of
the outer tube. The flow rate of carrier gas in the inner tube was
varied from 500 mL/min to 2000 mL/min, keeping total flow rate
(inner and outer flow) constant at 10,000 mL/min. This varied the
residence time from 0.3 s to 0.6 s.

Collisions
Q1 Q2 Q3

{P+} {D+}

Detector

e-

He

He

T1 T3 T4 T5

He

T2

Figure 1.  Tubular gas phase pyrolysis reactor coupled to a
molecular beam mass spectrometer sampling system.

Results and Discussion
The liquid and gas phase pyrolysis of PPE has been studied at

low temperatures (330 – 425 °C).3  Decomposition proceeds by a
free radical chain pathway to produce two sets of products: styrene
plus phenol and benzaldehyde plus toluene, in a ratio of 3:1,
respectively, at 375 °C.  In the FVP of PPE at 500 °C (ca. 0.3 s
residence time, 0.9% conversion), the dominant reaction was C-O
homolysis, which produced styrene and phenol (which accounted for
97% of the products).5  Homolysis of the C-C bond, to produce
toluene and benzaldehyde, was a minor reaction.

O
+∆

104 94

HO

O

H

92

H3C

106

+

The pyrolysis MBMS of PPE was run at 500, 550, 600 and 650
°C with residence times of 0.3 and 0.6 s.  As the temperature and
residence time increased, the dominant products that appeared in the
mass spectrum were styrene ( m/z 104) and phenol ( m/z 94) with
very small amounts of toluene ( m/z 92) and benzaldehyde ( m/z 106).
This product slate is very similar to that found in the FVP
experiments.  The mass spectrum of the reaction mixture at 600 °C
and a residence time of 0.6 s is shown in Figure 2.  Benzene ( m/z 78)
can arise from the decomposition of benzaldehyde (confirmed by
independent pyrolysis) and is observed as a mass spectral
fragmentation product.  The m/z at 105 is from fragmentation of the
PPE, which decreases in intensity as the molecular ion ( m/z 198)
decreases.  Thus, the pyrolysis MBMS experiment gives primarily
unimolecular products and little bimolecular reactions.  However,
small quantities of additional products are formed with m/z 154, 168,
and 180 that appear to be coupling products from the radicals formed
in the reaction (phenoxy, benzyl, and phenyl, from decomposition of
benzaldehyde to form biphenyl, dibenzofuran, and stilbene), but they
also could arise from surface catalyzed reactions.  Attempts to
increase the yield of these products by addition of a free radical
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initiator, such as benzyl phenyl ether, were unsuccessful.  Thus, the
origin of these products is still under investigation.
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Figure 2.  Average spectra of products detected by MBMS from the
pyrolysis of PPE at 600 °C and a residence time of 0.6 s.

The pyrolysis MBMS of o-CH3O-PPE was run at 500, 550 and
600 °C at residence times of 0.3 and 0.6 s.  The mass spectrum from a
run at 500 °C and a residence time of 0.3 s is shown in the Figure 3.
The mass at m/z 228, 124, and 105 are from mass spectrometer
fragmentation of the starting material (see Figure 3), and there is little
thermal decomposition of the material.  At 600 °C with a residence
time of 0.6 s, all the starting material is consumed (see Figure 4)
indicating that the o-methoxy derivative is more reactive than PPE.
The dominant products arise from C-O homolysis and form styrene
and hydroxybenzaldehyde ( m/z 122).  Guaiacol ( m/z 124) was a
minor product in the reaction.  Independent pyrolysis of guaiacol at
600 °C indicated that it was not stable under these reaction conditions
but formed catechol ( m/z 110) as the major product and small
amounts of hydroxybenzaldehyde and phenol.  Independent
pyrolysis of hydroxybenzaldehyde at 600 °C produced small
amounts of phenol ( m/z 94). Small amounts of toluene and o-
methoxybenzaldehyde ( m/z 138) were also found which arise from
C-C homolysis.

O
OCH 3

∆ +

HO

O

H

The major products are very similar to those formed in the FVP
of o-CH3O-PPE at 500 °C indicating that unimolecular reactions are
dominant.  o-Hydroxybenzaldehyde is formed by C-O homolysis to
give the o-methoxyphenoxy radical, intramolecular hydrogen
abstraction to form o-hydroxyphenoxymethyl radical, 1,2-phenyl
shift to form o-hydroxybenzyloxy radical followed by β−scission of
hydrogen.  In solution phase at lower temperatures, bimolecular
hydrogen abstraction is the dominant reaction and two sets of
products are formed: guaiacol plus styrene, and toluene plus o-
methoxybenzaldehyde, in a 3:1 ratio (at 375 °C).

The FVP of (o-CH3O)2-PPE produced a complex set of
products.5  Surprisingly, the dominant product was o-cresol (24
mol%), 2,6-dimethoxyphenol (13 mol%), and styrene (22 mol%).
These products were formed by C-O homolysis followed by
hydrogen abstraction, rearrangement, and β−scission reactions.  The
mass spectra of the products detected by MBMS from the pyrolysis
of (o-CH3O)2-PPE at 600 °C and a residence time of 0.6 s is shown in
Figure 5.  The spectrum is surprisingly simple (compared to the FVP
results).  The dominant products appear to be styrene ( m/z 104),
cresol (m/z 108), o-hydroxybenzaldehyde ( m/z 122), and benzene (
m/z 78).  Independent pyrolysis of 2,6-dimethoxyphenol at 600 °C
produced a complex set of products with  m/z138, 126, 124, 110,
108.  This indicates that 2,6-dimethoxyphenol is not a major primary
product since its major decomposition products are not observed to a
significant extent.  More studies are needed to determine the origin of

these products.  As a consequence of the decomposition and mass
spectral fragmentation of the products, it is difficult to determine the
primary and secondary products.  Thus, the data will be analyzed by
multivarariate factor analysis to determine which masses (i.e.,
products) are correlated.8  Results from this data analysis will be
presented and the mechanisms of the decomposition of these lignin
model compounds will be discussed.

PhCH2CH2OC6H4(o-OCH3) 

500 
o
C   300 ms

228124

105

0

10

20

30

40

50

60

70

50 70 90 110 130 150 170 190 210 230 250

M/Z

%
 T

o
ta

l I
o

n
 In

te
n

si
ty

Figure 3.  Average spectra of products detected by MBMS from the
pyrolysis MBMS of (o-CH3O)-PPE at 500 °C.
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Figure 4.  Average spectra of products detected by MBMS from the
pyrolysis o-CH3O-PPE at 600 °C and 0.6 s residence time.
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Figure 5.  Average spectra of products detected by MBMS from the
pyrolysis o-CH3O-PPE at 600 °C and 0.6 s residence time.
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Introduction 

Amino acids are important constituents of most biomass. 
Pyrolysis of amino acids produces a complex slate of products 1-5. Of 
particular interest among the pyrolysis products are the polycyclic 
aromatic compounds (PAC) which include polycyclic aromatic 
hydrocarbons (PAH) and nitrogen containing polycyclic aromatic 
compounds (N-PAC). Patterson et al.1 pyrolyzed lysine, leucine and 
tryptophan and found that the total PAC yield was maximum at 
850oC. Higman et al.2 pyrolyzed proline at 840oC and observed 
pyrrole, indole, pyridine, isoquinoline, quinoline and picoline as 
products. Smith et al.3 pyrolyzed valine, aminobutyric acid, and 
proline and observed nitriles, quinoline and isoquinoline at 850 oC. 
Yoshida and Matsumoto4 observed the formation of amino-β-
carbolines from tryptophan at 550 oC.  Recently, Chiavari and 
Galletti5 reported the main products from pyrolysis of amino acids in a 
CDS Pyroprobe 100 at 600 oC for 5 s.  Despite these studied, there is 
no detailed study on the effect of temperature and residence time on 
the product distribution.  

In this work, the formation of PAC from pyrolysis of 
asparagine, proline, and tryptophan was studied under various 
pyrolysis conditions. The results were analyzed to determine the major 
product components and the effect of pyrolysis conditions and the 
structure of amino acid on the PAC yields.  

 
Experimental 

Pyrolysis experiments were performed in a quartz reactor in two 
ways.6 In the first case, the amino acid was pyrolyzed in a single zone 
reactor at 300 oC to collect LTT (low temperature tar) and LTC 
(char). A sample of 200 mg of amino acid was used and pyrolyzed for 
60 minutes. The LTT was collected on a Cambridge pad. The pad was 
extracted with methanol. The LTC was then pyrolyzed further at 625 
oC for 60 min to collect HTT (high temperature tar) and HTC (char). 
In the second case, a two-zone reactor was used and the LTT and 
HTT leaving the first zone were pyrolyzed further in the second zone 
at 720-920 oC. The final tars, LTFT (low temperature final tar) and 
HTFT (high temperature final tar) from LTT and HTT, respectively, 
were collected similarly. Only the runs with a residence time of 1370 
ms in the second zone are discussed in this paper. Helium was used as 
carrier gas at 120 cm3/min. The LTT, HTT, LTFT, and HTFT were 
analyzed by chromatography/ mass spectrometry (GC/MS).  
 
Results and discussion 

Asparagine. The overall material balance from pyrolysis of 
asparagine showed that, at 300 oC, the yield of LTT was negligible but 
the yield of LTC was 64%. The yields of HTT and HTC were 12% 
and 23% of initial weight of asparagine. The HTT consisted mainly of 
maleimide and succinimide with yields of ca. 8 and 48 mg/g of 
asparagine. Indole and a methylindole were also observed in low 
yields. Chiavari and Galletti5 reported maleimide and succinimide from 
pyrolysis of asparagine at 600 oC.  

No LTFT was obtained from asparagine. The yields of a few 
major PAC in HTFT are shown in Figure 1. At 700 oC, succinimide 
was the major component of HTFT.  Both maleimide and succinimide 
decreased at high temperature.  The yield of maleimide passed 

through a maximum at 770 oC.  At 870 oC and above, the yields of 
two- to four-ring N-PAC, such as a naphthalene carbonitrile, 
pyrrolcarbazole, a benzoquinoline, and azapyrene, were significant.  
Most other N-PAC, including fluorenecarbonitrile, and 
anthracenecarbonitrile, were formed in relatively low yields. Among 
the PAH, the highest yield was of phenanthrene followed at high 
temperature by pyrene. The formation of PAH indicates a complete 
loss of nitrogen from the initial products of pyrolysis.  

 
Figure 1. Effect of temperature on the yields of major N-PAC (a) and 
PAH (b) from the gas phase pyrolysis of HTT from asparagine at 700-
920 oC.  
 

Proline. Proline was completely converted into volatile products 
at 300 oC, with a LTT yield of ca. 80%. The LTT consisted mainly of 
2,5-diketopiperazine. No HTT or HTFT was obtained.  

The yields of some of the major components of LTFT are 
presented in Figure 2. Above 820 oC, both N-PAC and PAH were 
observed.  Carbonitriles were the main components of the N-PAC 
fraction.  The yield of acridine passed through a maximum at 870 oC. 
The yields of fluorenecarbonitrile, anthracenecarbonitrile, and 
azapyrene increased sharply with temperature above 820 oC. At 920 
oC, methylbenzonitrile was absent from the products. Indole, 
quinoline, benzenecarbonitrile, phenylpyridine, 
naphthalenecarbonitrile, benzoquinoline, fluorenimine, phenanthridine, 
carbazole, acenaphthopyridine, indenoisoquinoline, pyrrolocarbazole, 
and cyanopyrene were also observed. Among the PAH, phenanthrene 
was the major component at all the temperatures.  Benzo[a]pyrene 
was observed only at 920 oC. Other PAH, such as naphthalene, 
biphenyl, ethenylanthracene, methylanthracene, phenylnaphthalene, 
benzo[a]fluorene, methylpyrene, benzo(ghi)fluoranthene, and 
isochrysene were also observed. The yields of acenaphthylene, 
fluorene, and anthracene either decreased or leveled off at high 
temperatures. This could be due to their growth into larger PAH. The 
formation of PAH from proline has also been reported earlier in the 
literature.2,3 Smith et al.3 also reported the formation of butadiene at 
650 oC. Thus, the PAH in this study, may have formed via butadiene 
and related low molecular weight olefins.  
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Tryptophan. The yields of LTT and LTC from tryptophan were 

15% and 56% whereas those of HTT and HTC were ca. 11% and 
14%, respectively. The LTT contained indole, a methyl indole, 
norharman, harman and other indole derivatives, such as 
indoleethanamine and indoleacetonitrile Ethylindole and 
dimethylindole were also observed in low yields. The HTT contained 
similar components but the yields of indole and substituted indoles 
were lower while those of the harmans were slightly higher. Other 
two- and three-ring PAC, such as quinoline and carbazole or 
azafluorene were also observed in small yields in the HTT. Some of 
tese products have been reported earlier.5,7 

Figure 2. Effect of temperature on the yields of major N-PAC (a) and 
PAH (b) from the gas phase pyrolysis of LTT from proline at 700-920 
oC. 

 
No PAH were observed in the LTFT and HTFT from 

tryptophan. The constituents of LTFT and HTFT ranged from N-
heterocycles to three-ring N-PAC (benzo[a]carbazole and 
anthracenamine). For both LTFT and HTFT, the yields of indole and 
skatole decreased as the temperature was increased until they were 
completely destroyed above 850 oC (Figure 3). The temperature had 
only a small effect on the yields of norharman and harman, although 
above 820 oC the yields decreased.  Whereas harman was completely 
absent in the product at 920 oC, the yield of norharman remained 
significantly high even at 920 oC. Essentially similar observations were 
made by Kleinbauer and Rabache.7 Harman and norharman were 
observed in the product even at 250 oC and the yield of norharman 
decreased slowly at high temperatures whereas the yield of harman 
decreased sharply. The nearly similar trends in the yields of norharman 
and harman in this study suggested that the norharman/harman ratio 
did not vary dramatically with temperature, except at high 
temperatures. The yield of quinoline remained relatively low at all 
temperatures. The yields of three-ring N-PAC, benzocarbazole and 
anthracenamine, became significant only at 920 oC. In the case of 
HTFT, the yield of carbazole also became significant at high 
temperatures suggesting that it is one of the end products of the 
pyrolysis of tryptophan. In addition to the components shown in 

Figure 3, the product also contained cyanocarbazole, 
indenoisoquinoline, benzo[a]phenanzine, benzo[a]acridine and other 
products.  
 
Conclusions 

The results from the three amino acids showed that the amino 
acids pyrolyzed differently. The N-PAC from asparagine and proline 
were mainly aromatic carbonitriles and three- and four-ring aza-
arenes. Asparagine and proline also formed PAH, although the yields 
of PAH were low compared to the yields of N-PAC. In contrast, 
tryptophan did not form any PAH but it formed β-carbolines and 
indoles even at low temperatures. The pyrolysis mechanisms may be 
governed by the structure of the amino acid .  
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Figure 3. Effect of temperature on the yields of major N-PAC from 
the gas phase pyrolysis of LTT (a) and HTT (b) from tryptophan at 
700-920 oC. 
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Introduction 

Utilization of biomass for fuel or energy production can reduce 
our dependence on fossil fuels, and reduce the emissions of CO2 and 
other hazardous elements, such as sulfur, lead, and mercury, to the 
environment.  However, pyrolysis, gasification, and combustion of 
biomass produces polycyclic aromatic hydrocarbons (PAHs),1 which 
are environmental pollutants.  Nitrogen-containing polycyclic aromatic 
compounds (N-PACs) can also be formed from pyrolysis of 
proteinaceous materials found in agriculture and forestry residues (1-
25 wt% protein) and in animal waste and sewage (15-30 wt% 
protein).2,3  To reduce the formation of PAHs and N-PACs from the 
thermal processing of biomass, more information is needed on the 
chemical reactions that lead to these compounds.   

In this investigation, the formation of PAHs and N-PACs from 
the pyrolysis of amino acids and carbohydrates was studied.  The low 
temperature reactions (<350 °C) between amino acids and 
carbohydrates have been extensively studied.4  The non-enzymatic 
browning reaction (i.e., Maillard reaction) leads to a deterioration in 
the quality of food during storage and cooking (via formation of 
polymeric brown pigments and volatile compounds).5  The Maillard 
reaction is also responsible for the formation of the aroma and flavor 
of tobacco smoke.6  However, the high temperature pyrolysis of the 
intermediates in the Maillard reaction has not been investigated.  In 
this study, the formation of PAHs and N-PACs from the independent 
pyrolysis of proline and glucose will be compared to pyrolysis of 
mixtures of proline and glucose and to the pyrolysis of (1-[2’-
carboxy)pyrrolidinyl]-1-deoxy-D-fructose), the proline Amadori 
compound, which is a key intermediate in the Maillard reaction.   
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Experimental 

L-Proline (Acros), D-glucose (Acros), acetone (J&W Residue 
analysis) were used without additional purification. 1-[2’-
carboxy)pyrrolidinyl]-1-deoxy-D-fructose was prepared as previously 
described.7  Perdeuterated PAHs (phenanthrene-d10 and 1,2-
benzanthracene-d12) were obtained from Aldrich.   

The flow pyrolysis procedure has already been described in detail 
and will be briefly reviewed.8  The pyrolysis tube consists of three 
different sizes of quartz tubing fused together: a 12 in. by 3/4 in. o.d. 
tube (sublimation chamber) connected to a 19 in. by 0.354 in. o.d. 
0.276 in. i.d. tube (the reaction chamber) which tapers to a 1/4 in. o.d. 
piece of tubing 2 in. long (exit to traps) which terminates with a o-ring 

sealed ball joint (size 12/5).  The pyrolysis tube was connected to two 
traps by ball joints cooled to 77K.  The tip of the entrance tube for the 
second trap was ca. 1 in. deep into a loosely packed plug of clean 
glass wool.  The glass wool trapped aerosol particles formed at high 
flow rates (>100 mL min-1).  In a typical run, a quartz boat (1 in. x 5/8 
in. x 3/8 in.) was charged with a known amount of substrate (typically 
200 - 1200 mg) and placed in the 3/4 in. o.d. tube.  A glass tube 
containing a fitting for the introduction of helium and an Ace-Thred 
adapter was connected to the pyrolysis tube via a 3/4 in. Cajon Ultra-
Torr union.  Gas flow was controlled by a MKS mass flow controller 
(either 200 or 1000 mL min-1 ± 3% accuracy) and confirmed with a 
soap bubble meter on the exit of the pyrolysis apparatus (after the cold 
traps).  The residence time in the furnace was calculated from the 
volume of the reactor (11 mL) in the hot zone (12 in. hot zone with 
temperature ±2.9 °C at 650 °C), the gas flow rate at room 
temperature, and a correction for the gas flow rate at the reaction 
temperature.  The sample chamber was heated to 460 °C via an 
aluminum tube (2.4 in. o.d./2.1 in. i.d. x 6 in long) wrapped with heat 
tape.  The temperature of the reaction chamber was monitored and 
controlled via two thermocouples next to the sample.  The sample was 
pushed into the sublimation chamber by a glass rod, inserted though 
the Ace-Thred adapter with an O-ring seal, or by a thermocouple 
wrapped around the sample boat.  The quartz pyrolysis tube was 
heated by a horizontally mounted three-zone Carbolite tube furnace.  
The pyrolysis tube was wrapped with a heating tape at the exit of the 
furnace and heated to ca. 200 °C to prevent condensation of the 
products.  After the pyrolysis, both traps were washed with high 
purity acetone and the washings were combined (total volume 10-20 
mL).  Solutions of phenanthrene-d10 and 1,2-benzanthracene-d12 were 
added as standards, and the reaction mixtures were analyzed by GC-
MS and quantitated by GC-FID  (see below) or GC-MS with splitless 
injection. 

Product analysis was performed on a Hewlett-Packard 5890 
Series II gas chromatograph equipped with a flame ionization 
detector, and the identification of products was confirmed by 
comparison of retention times and mass spectral fragmentation 
patterns from authentic samples using a Hewlett-Packard 5972A/5890 
Series II GC-MS (EI 70 eV).  Both instruments were equipped with a 
J&W DB-5 5% diphenyl-95% dimethylpolysiloxane capillary column 
(30 m x 0.25 mm i.d. with 0.25 µm film thickness). The injector 
temperature was 280 ºC, and the detector temperature was 305 ºC.  
The oven was programmed with an initial temperature of 45 ºC, and 
the temperature was ramped to 300 ºC at 10 ºC min-1 and held for 20 
minutes.  The carrier gas, helium, was set at a constant flow rate of 
1.0 mL min-1.  Samples were injected four times onto the GC using a 
HP 7673 autosampler.  Typical shot to shot reproducibility was ±3-
5%. The products were quantitated by averaging the GC-FID output 
relative to the internal standards.  Response factors were measured 
with authentic samples or estimated from measured response factors 
for structurally related compounds and based on carbon number 
relative to the internal standards (phenanthrene-d10 or 1,2-
benzanthracene-d12).  The yield of PAHs was also determined by GC-
MS analysis from calibration curves of the individual PAHs relative to 
the deuterated PAH standards in a concentration range of 0.5 to 20 
µg mL-1.  The limits of detection (LOD) for the PAHs depended upon 
the complexity of the reaction mixture, but the LOD was typically 20 
µg g-1 for GC-FID analysis and 0.2 µg g-1 for GC-MS analysis with 
splitless injection. 

 
Results and Discussion   

The pyrolysis of proline was initially investigated at 840 °C with 
a residence time of 10 s (longest possible residence time for the 
reactor used in this study) to compare the yield of products formed in 
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previous studies at 850 °C and 840 °C with estimated residence times 
of 30 s and 10 s, respectively.9,10  In general, the yield of products 
agree with those previously reported, except the ratio of isoquinoline 
to quinoline is low (see Table 1).  Isoquinoline has been reported to 
rearrange to quinoline at 850 °C with a residence time of 13 s, but the 
conversion was low (2.3%).11  Thus, it is unlikely that isomerization 
of isoquinoline is important under these reaction conditions.  The 1-
[2’-carboxy)pyrrolidinyl] -1-deoxy-D-fructose (i.e., the proline 
Amadori compound) was pyrolyzed at 840 °C for 10 s, and the yield 
of phenanthrene and quinoline increased 12 fold and 9-fold, 
respectively compared to proline.  A similar increase in the yield of 
phenanthrene and quinoline was observed in the pyrolysis of a 1:1 
mixture (by wt) of glucose and proline.  Clearly, there is a synergistic 
reaction between the glucose and proline to enhance the formation of 
PAHs and N-PACs compared to pyrolysis of the individual 
components.   
 

Table 1. Product Yields from the Pyrolysis of Proline, Glucose, 
and Proline Amadori Compound 

Compound 
 

Temperature 
Time  

Proline 
 9 

850 °C 
ca. 30 s 

Proline 
 10 

840 °C 
20 s 

Proline 
 a 

840 °C 
10 s 

Glucose 
 a 

840 °C 
10 s 

Amadori 
 a,b 

840 °C 
10 s 

Proline 
Glucosea,c 

840 °C 
10 s 

Products (mg/g)       

Pyrrole 38.7 27.2 38.9 - 6.7 3.0 

Benzene 1.1 1.3 1.6 2.2 8.9 6.2 

Benzonitrile 1.0 0.3 1.6 - 1.9 1.7 

Quinoline 0.9 0.3 0.3 - 2.6 2.1 

Isoquinoline 1.9 1.7 0.09 - 0.6 0.5 

Phenanthrene 0.09 NR 0.05 0.10 0.6 0.3 

Pyrene 0.09 NR 0.06 0.02 0.2 0.2 
a This study  b 1-[2’-carboxy)pyrrolidinyl]-1-deoxy-D-fructose.  c 1:1 
Mixture by weight. 
 

The pyrolysis of the 1-[2’-carboxy)pyrrolidinyl]-1-deoxy-D-
fructose, a 1:1 mixture of glucose and proline, glucose, and proline 
was investigated at 800 °C and 700 °C with a residence time of 1.0 s.  
For all substrates except proline, char was found in the reactor at 800 
°C and in the sublimation boat.  The yield of char in the sublimation 
boat for 1-[2’-carboxy)pyrrolidinyl]-1-deoxy-D-fructose, glucose, and 
the glucose:proline mixture was 15, 4, and <1 wt%, respectively.  The 
yield (mg product per gram of substrate) of selected products from 
the pyrolysis of 1-[2’-carboxy)pyrrolidinyl]-1-deoxy-D-fructose is 
shown in Figure 1.  A variety of one to five membered ring PAHs and 
cyano-substituted PAHs were detected in addition to N-PACs.  
Molecular ions were also found for products that appeared to be 
azapyrene (m/z 203), azachrysene (m/z 229), and azabenzo[a]pyrene 
(m/z 253), but the identity of these products have not been confirmed.  
A similar slate of products was formed from the pyrolysis a 1:1 
mixture of glucose and proline, and PAHs as large as benzo[a]pyrene 
(0.23 µg/g) and benzo[b,j,k]fluoranthrenes (combined yield 4.6 µg/g) 
were formed.  Pyrolysis of proline or glucose at 800 °C for 1.0 s 
produced lower yields of PAHs and N-PACs compared to the 
Amadori compound as shown in Figures 2 and 3.  Low yields of 
benzo[a]pyrene (0.81 and 0.70 µg/g), benzo[b,j,k]fluoranthrenes (0.24 
and 2.1 µg/g), and benzo[a]anthracene (0.43 and 3.2 µg/g) were also 
found in the pyrolysis of proline and glucose, respectively. 
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Figure 1.  Selected products from the pyrolysis of 1-[2’-carboxy) 
pyrrolidinyl]-1-deoxy-D-fructose at 800 °C with a residence time of 
1.0 s. 
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Figure 2.  PAH yields from the pyrolysis of 1-[2’-carboxy) 
pyrrolidinyl]-1-deoxy-D-fructose (Proline Amadori), 1:1 mixture of 
proline and glucose, proline, and glucose at 800 °C with a residence 
time of 1.0 s. Naphth and Phenanth is naphthalene and phenanthrene. 

Pyrolysis of proline at 700 °C with a 1.0 s residence time only 
produced single ringed compounds (pyrrole, benzene, styrene, and 
benzonitrile) and no multi-ringed aromatic compounds.  Pyrolysis of 
1-[2’-carboxy)pyrrolidinyl]-1-deoxy-D-fructose or a 1:1 mixture of 
proline and glucose produced significant yields of N-PACs as shown 
in Figure 4.  N-PAC formation was clearly enhanced by the presence 
of glucose. PAH yields were also enhanced relative proline and 
glucose as shown in Figure 5.  

 
Conclusions 

These experiments clearly showed that glucose increased the 
formation of N-PACs from the pyrolysis of proline at 700 to 840 °C.  
PAH yields were also enhanced compared to the independent 
pyrolysis of proline or glucose.  The formation of N-PACs and PAHs 
from pyrolysis of additional amino acids and carbohydrates is 
currently under investigation.   
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Figure 3.  N-PAC yields from the pyrolysis of 1-[2’-carboxy) 
pyrrolidinyl]-1-deoxy-D-fructose (Proline Amadori), 1:1 mixture of 
proline and glucose, proline, and glucose at 800 °C with a residence 
time of 1.0 s.  Products include pyridine (Py), benzonitrile (Bznitril), 
quinoline (Quin), isoquinoline (Isoquin), indole, acridine (Acr), and 
carbazole (Carbaz).  
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Figure 4.  N-PAC yields from the pyrolysis of 1-[2’-carboxy) 
pyrrolidinyl]-1-deoxy-D-fructose, 1:1 mixture of proline and glucose, 
proline, and glucose at 700 °C with a residence time of 1.0 s.  See 
Figure 3 for products. 
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Figure 5.  PAH yields from the pyrolysis of 1-[2’-carboxy) 
pyrrolidinyl]-1-deoxy-D-fructose, 1:1 mixture of proline and glucose, 
proline, and glucose at 700 °C with a residence time of 1.0 s. 
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Introduction 
The initial step of biomass thermal conversion involves the 

primary decomposition of the lignocellulosic matrix that is composed 
of three interconnected polymeric materials: cellulose, hemicellulose, 
and lignin. Pyrolysis mechanisms typically include a superposition of 
the kinetic mechanisms for the individual components of the biomass 
material. The validity and development of these mechanisms is 
currently of interest [1-3]. A graphical summary of two global 
biomass pyrolysis models [1,3] at the experimental conditions of this 
study is presented in Figure 1. 
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Figure 1. Predictions of the Miller-Bellan (solid) [1] and 
Koufopanos et al. (dashed) [3] global biomass pyrolysis models at 
the LEFR reaction conditions. 
Experimental Methods 

A new continuous feed, laminar entrained flow reactor (LEFR) 
was recently built and characterized [4] for determining biomass 
pyrolysis kinetics, gasifier tar production rates, and alkali metal 
release rates. This reactor is capable of heating rates on the order of 
103-105 K/s, typical of those found in developing gasifiers and in 
industrial boilers. This reactor is coupled to a molecular beam 
sampling mass spectrometer (MBMS) system to follow the chemistry 
of the gas phase products as they evolve during biomass 
thermochemical conversion processes.  

To quantitatively determine biomass pyrolysis kinetics, it is 
important to understand in detail the many complex physical and 
chemical processes that a reacting particle undergoes from beginning 
to end in the reactor. This was the goal of a previous characterization 
study of the LEFR [4] in which a combination of measurements and 
theoretical modeling contributed to the detailed understanding of the 
operating qualities of the reactor.  Computational Fluid Dynamics 
(CFD) simulations were employed to model particle trajectories and 
residence times and calculate gas temperature profiles. The CFD 
models included boundary conditions based on measured quantities 
(e.g. wall temperatures and gas flow rates) so credible time-
temperature profiles for particles could be calculated and used in 
kinetic models to determine global pyrolysis rates. Temperatures are 

referred to herein by the furnace temperature controller setting at 
which data were collected, however, it is important to realize that 
under set reactor conditions the particles actually undergo a specific 
time-temperature history [4,5]. 

The results of the LEFR characterization study [4] indicate it is 
possible to maintain kinetic, rather than heat transport control and to 
minimize particle velocity lag in the reactor with small (<50 µm) 
particles. These guidelines were followed during an investigation of 
global cellulose pyrolysis kinetics [5]. In this paper we build on these 
initial pyrolysis studies and investigate pine (pinus radiata) pyrolysis 
kinetics, a NIST standard biomass material [6]. The LEFR pyrolysis 
kinetic measurements for three other NIST standards; sugarcane 
bagasse, poplar (populus deltoids), and wheat straw can be found in 
the references [7]. 
 
Experimental results 

The pine pyrolysis mass spectra contained mass peaks 
commonly associated with cellulose pyrolysis products [5]. Low 
temperature lignin products were also identified in the pine pyrolysis 
mass spectra by large peaks that correspond to the lignin precursors 
(p-coumaryl alcohol, m/z = 150; coniferyl alcohol, m/z = 180; 
synapyl alcohol, m/z = 210). Higher molecular weight species with 
m/z = 272, and several species above m/z = 300, were also observed 
and are associated with lignin decomposition [8].  

The pine pyrolysis mass spectra, recorded over a range of 
temperatures, were analyzed by multivariate analysis to group 
spectral elements that behave in a similar fashion and to provide a 
concise and reproducible method for representing a complex and 
extensive set of mass spectral data. This type of analysis performed 
on previous batch experimental results suggest that there are three 
distinct pyrolysis product groups (e.g. Evans and Milne, [8]). Based 
on the superposition theory for global biomass pyrolysis, distinct 
pyrolytic product groups should be evident in the primary pyrolysis 
products as suggested by Figure 1.  

Multivariate analysis revealed four principal components that 
described most of the variance (~95%) in the pine pyrolysis mass 
spectra. Often, a challenge with multivariate analysis techniques is 
assigning physical and chemical significance to the statistical 
relationships that are resolved. Associating the peaks identified in the 
reconstructed Factor Spectra, shown in Figure 1, from the pine 
pyrolysis mass spectral data can help to interpret the chemical nature 
of the four principal components. 

The Primary Lignin component spectra includes all the mass 
peaks above m/z = 150.  Most of these masses correspond to the 
products associated with primary lignin pyrolysis products. However, 
lower molecular weight species are also included in this component 
suggesting that pyrolysis products from other lignocellulosic 
constituents may be grouped in the Primary Lignin factor as well. 
Peaks at m/z = 73, 85, and 114 are prominent in the Primary Lignin 
factor spectra and the bulk of the variance of m/z = 144 is attributed 
to this factor. These lower molecular weight peaks are generally 
assigned to polysaccharide pyrolysis products. Therefore, while this 
factor is named “Primary Lignin,” the contribution from pyrolysis 
products of other lignocellulosic components is not completely 
separated. 

The most dominant peak in the Tertiary factor at m/z = 28 is 
assigned to CO+ but may have minor contributions from N2

+ and 
C2H4

+. The peak at m/z = 26 is assigned to acetylene (C2H2
+). 

Methane is a commonly recognized biomass pyrolysis product and is 
assigned to the peak at m/z = 16. Benzene and naphthalene are 
assigned to the peaks at m/z = 78 and m/z = 128, respectively. These 
aromatic hydrocarbons are thermally stable and tend to evolve from 
hydrocarbons under high severity pyrolysis. The peak at m/z = 44 is 
assigned to CO2

+ but could involve contributions from C3H8
+, and 
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C2H4O+ as acetaldehyde or ethenol. Minor peaks at m/z = 92 and 94 
in all Tertiary factor spectra are assigned to toluene (C7H8

+) and 
phenol, C6H6O+. The identified products in the Tertiary factor are all 
considered tertiary biomass pyrolysis products [8]. The factor score 
plots (see Figure 3) show that scores of the Tertiary factor are low at 
low reaction temperatures, but increase with increasing pyrolysis 
severity, as is expected with the tertiary products. 
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Figure 2. Factor spectra from the pine pyrolysis experiments based 
on the four-component analysis of the LEFR mass spectral data. 

The Primary Sugar factor contains intense peaks at m/z = 32 and 
31 assigned to methanol (CH4O+ and CH3O+). Electron impact or 
thermal fragments of levoglucosan (C6H10O5) are assigned to peaks at 
m/z = 57, 60, 73, and 98. The peak at m/z = 126 is assigned to 5-
(hydroxymethyl)-2-furfural, a common polysaccharide pyrolysis 
product. Other products may also contribute to the signal at m/z = 
126. As discussed above, some of the lower molecular weight peaks 
associated with the Primary Lignin factor are also common to the 
Primary Sugar factor. 

The Secondary factor contains prominent peaks at m/z = 30 
(formaldehyde), m/z = 42 (ketene), m/z = 56 (butene or 2-propenal), 
m/z = 68 (furan), m/z = 82 (2-methylfuran), and m/z = 96 (furfural). 
A variety of phenolic compounds can be associated with peaks at m/z 
= 94, 108, 120, 122, and 148. Levoglucosan has a molecular weight 
of 162 and it is tempting to assign the observed peak to the parent 
ion, however, it may likely result from a higher molecular weight 
phenolic compound. These compounds are generally identified as 
secondary products that form by the gas phase decomposition of 
larger primary pyrolysis products [8].  
 
Discussion and Conclusions 

Factor scores determined from the pyrolysis mass spectra 
recorded for each of the four NIST biomass samples can be found 
elsewhere [7]. The variation of the average factor scores as a function 
of furnace controller temperature for pine pyrolysis is plotted in 
Figure 3. The Primary Lignin scores are highest at the lowest 
temperatures (~340ºC), which suggests that the measured relative 
contribution of lignin is highest at the earliest stages of pyrolysis. The 
model predictions for lignin pyrolysis indicate that lignin does not 
start reacting until the controller temperatures are set to 400ºC. At 
furnace controller temperatures of 500ºC -520ºC, the models predict 
50% lignin conversion. Clearly, the models predict that lignin reacts 
much slower than is suggested by the LEFR data. These 
discrepancies are not completely surprising, as testing of these 
models with data at high heating rates has been minimal. 

It is more difficult to comment on the model predictions of 
polysaccharide pyrolysis because the multivariate analysis of the pine 
mass spectral data does not clearly resolve separate contributions 

from hemicellulose and cellulose pyrolysis. The pyrolysis models are 
a good representation of the pyrolysis regime studied in the LEFR 
experiments if the hemicellulose and cellulose fractions are combined 
into a single component in the models that gives rise to “primary 
sugars” as measured in the experiments. 
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Figure 3. Factor scores from the pine pyrolysis experiments based on 
the four-component analysis of the LEFR mass spectral data. 

 
If in fact hemicellulose and cellulose react as predicted by the 

two global biomass pyrolysis models, there should be distinctive 
pyrolysis regimes where hemicellulose contributes to the 
polysaccharide signals at the lowest temperatures and the cellulose 
pyrolysis products begin to form at higher temperatures. The models 
predict that 50% of the hemicellulose should have reacted as the 
cellulose begins to react (360ºC -380ºC in the models). The 
multivariate analysis of the pyrolysis mass spectral data did not 
clearly suggest a statistically important distinction between these two 
components. It is not clear from the experiments whether this is 
because hemicellulose and cellulose do not react in separate regimes, 
or because the pyrolysis products are so similar there is no mass 
spectral difference between early and late polysaccharide pyrolysis 
products. The peaks associated with polysaccharide pyrolysis 
products that were resolved in the Primary Lignin factor could be 
indicative of a cellulose/hemicellulose distinction. More detailed 
information is necessary before this can be confidently determined. 
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INTRODUCTION
The thermal decomposition of cellulosic solids has been

extensively studied. There have been numerous reviews of various
aspects of the problem (e.g., pyrolysis[1-3], modeling of
combustion [4, 5]).  In recent papers, we have described new
results on the global kinetics of cellulose pyrolysis [6-8],
suggesting that these are heating-rate dependent because of the
role that mass transfer can play in the process [8]. There continues
to be considerable debate regarding the kinetics of pure  cellulose
pyrolysis [e.g., 9,10]. When adding uncertainties regarding the
role of transport processes [11] and secondary reactions, the
modeling of the processes remains problematic.   We have
previously presented a number of results from a study in which the
behavior of cellulose samples has been examined under simulated
fire-level heat fluxes [12]. In this paper, further experimental
results are considered,.

The present study is concerned with bulk cellulose
pyrolysis under conditions simulating those of a fire, but which
are also relevant to any system in which cellulosics undergo
pyrolysis. The experiments were carried out in an inert gas
environment. The material studied here was “pure” cellulose,
selected to produce “realistic”, but highly reproducible samples.
Samples were pressed to densities typical of those encountered
with wood. There have been many other studies of cellulosic
pyrolysis of large cellulosic particles [e.g., 12-25]. Some have
noted a well-defined pyrolysis front [13-17] and a period of
relatively constant mass loss rate [16, 17, 20, 23, 25],
particularly with high imposed radiative fluxes.  Generally, the
data revealed a significant sensitivity to char thermal conductivity
[21]. The effects of oxygen [19] and retardants [23] can also be
significant in affecting observed behavior.

EXPERIMENTAL
Materials

The cellulose studied in this work was Whatman CF-11
powder, with an ash content of 0.009% and a moisture content of
7.68%  (as-received). Powder samples were formed into pellets
using an ordinary laboratory press, without any additives.  Three
different density samples were prepared: 0.965±0.041 g/cm3,
0.691±0.035 g/cm3 and 0.458±0.026 g/cm3. These densities are
comparable to those of woods ranging from softwoods to
hardwoods. All pellets were 38 mm in diameter and had a thickness
of up to about 10 mm.

Radiative Pyrolysis Apparatus
The experimental setup has been described earlier [12].

Briefly, a nitrogen purged pyrolysis chamber houses the sample,
whose front surface is heated by quartz lamps. The sample is held
inside a ceramic insulator, placed atop an electronic balance.   The
two tungsten filament heaters supply a constant incident heat flux
of 20-60 kW/m2, and deliver radiation in wavelength range
simulating a flame at 1700 K.  This is important because the
wavelength range of the delivered radiation has a significant
impact on the surface reflectivity [11].  Temperature measurements
were made within the cellulose using chromel-alumel

thermocouples (0.5 mm diameter), positioned at different
distances from the sample

RESULTS AND DISCUSSION
Influence of Sample Density on Mass Loss and Temperature

Profiles
After turning on the radiant heaters, the sample mass was

monitored continuously until a time at which no additional mass
loss was observed.  Figure 1 shows typical mass loss results for
three different density samples, irradiated with a 40 kW/m2 surface
flux.  An early heating period (< 500 s) involves little mass loss,
except for a small amount of residual moisture.  This is followed
by active pyrolysis, indicated by the loss of sample mass as,
approximately, a linear function of time during much of the
period. This indicates a pyrolysis front moving with near-
constant propagation velocity into the solid.  The result seen here
is consistent with those of many above-cited studies, involving
constant (high) incident heat flux.

Figure 1. Fractional mass loss from cellulose of 0.458 g/cc
(solid line) 0.691 g/cc (dotted line) and 0.965 g/cc (dashed line).

The point of pyrolysis onset depends on sample density. It
can be seen from Fig. 1 that the lower the sample density, the
earlier pyrolysis starts. The lower density sample behaves as a
better “insulator”. Its front surface temperature rises faster, which
results in an earlier onset of pyrolysis.

The above explanation is made clearer by reference to the
sample temperature profiles. Figure 2 shows the temperature
history of different thermocouples within the highest density
(0.965 g/cm3) samples, under the conditions as shown in Figure 1 .
The temperature profiles indicate clearly that the sample loses heat
from its back face, and at the time the mass loss reaches near zero
rate, a nearly constant temperature profile has been achieved
throughout the sample. The final temperature of the back face of
the sample is sufficiently low such that some further pyrolysis
could be possible, if the temperature were to be raised. This fact
should be noted in considering the long-time char yield of Fig. 1 .
Thus in any such bulk sample experiment, the char yield i s
operationally defined as the fractional mass left after the mass loss
ceases under given conditions. It can, however, be seen from Fig.
1 that the char yield, about 20%, averaged over the entire sample,
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is not a very strong function of initial sample density. The
particular cellulose used here gives char yields of about 5% or less,
when examined in an ordinary thermogravimetric experiment at
comparable heating rates [7].

Figure 2. Temperature profiles in a 0.965 g/cc sample
subject  to a nominal surface flux of 40 kW/m2.

The effect of sample density on front and back surface
temperatures is shown in Figure 3.   The better the insulating
properties of a sample, the larger the temperature gradient that i t
will support. These results confirm that sample conductivity
increases with density, as has been independently shown [11].

Figure 3. Sample front (top curves) and back face
temperatures for nominal 40 kW/m2 irradiation.

The front surface temperature-time profile always shows
an inflection point at around the pyrolysis onset temperature. The
reason for this is that as cellulose decomposes, material properties
(surface emissivity and thermal conductivity) change [11], and a
reaction endotherm occurs [7].  

The mathematical modeling of this process has demonstrated
that the actual absorbed surface fluxes are much lower than the
nominal incident surface fluxes. When taking this into account, i t
is possible to model the propagation of the thermal wave implied
in Figures 2 and 3 quite well. There are large contributions from
reflective loss, convective loss, re-radiation and volatiles
screening of the incident radiation. The  endothermic nature of
pyrolysis plays a relatively minor role in determining the thermal
behavior.

Experimentally, the observed total mass loss behavior i s
quite similar in wood and cellulose. This is not particularly
surprising, insofar as a conduction-limited pyrolysis process
depends only upon the thermal conductivity and thermal
diffusivity of the materials, which in this case are quite similar.
Where the influence of the starting materials is strongest is in the
nature of the volatile products.

The final char yield is a strong function of distance into the
char pellet, despite the similarity of average yields at different
densities (as noted in Fig. 1). This difference is only partly
attributable to the temperature gradient noted above. There is an
influence of in-depth cracking of volatiles. The char yield from
within 2 mm of the surface was around 10%, whereas the yield near
4 mm was 20% and at 8 mm over 30%.
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Introduction
There is a pressing need for better biomass fuels. Raw

biomass has a relatively low energy density, contains too much
moisture, is too hygroscopic, can rot during storage, and i s
difficult to comminute into small particles. This paper presents a
technology that has the potential to ameliorate many or all of
these deficiencies. It is a form of thermal processing known as
“torrefaction”.

Torrefaction occurs during the heating of biomass between
200 C and 280 C in thermogravimetric analysis (1). Serious
consideration of development of this process as a source of fuels,
chemicals, and materials began with the work of Bourgeois in the
1980’s (2). Pechiney used torrefied wood as a replacement for
charcoal in production of metals from metal oxides (3). Work on
related processes that are not directed to fuel and chemical products
continues, especially in France and Finland (4,5).

Torrefaction achieves an equilibrium moisture content of 3%,
reduction of mass by 20 to 30% (primarily by release of water,
carbon oxides, and volatiles) while retaining 80% to 90% of the
wood’s original energy content as shown in Table 1 and 2. (2)

Table 1. Characteristics of Torrefied Maritime Pine

Species Maritime Pine

Temperature reached (° C) 280

Yield (on bone dry wood)* 77%
Characteristics of torrefied woods
High calorific value (bone dry)
Kcal/kg 5,710
KJ/kg 23,900

Ashes % 0.55
Volatiles % 71.9
Fixed Carbon % 27.7

Elementary Analysis
C % 59.7
H % 5.6
N % 0.25
O % 32.9

Table 2. Mass & Energy Yields

Species Maritime Pine

Low calorific value of bone dry wood (kJ/kg) 19,150
Low calorific value of torrefied wood (kJ/kg) 22,600
Yield by weight % 77
Energetic Yield % 90.8

The lignocellulosic biomass feedstock is typically predried to
10% or less moisture content prior to torrefaction. Particle
thickness plays an important role in torrefaction in that this
parameter determines the duration of the process, given a specific
heating rate. We believe that the reaction mechanisms and
kinetics are different for thin (wood chips) and thick particles

(wood chunks). The chemical reactions that occur when reactive
intermediates are trapped in a thick matrix differ from the
situations in which products can escape and be swept away in a gas
stream. The duration of torrefaction processing is adjusted produce
friable, hydrophobic and energy-rich Enhanced Wood Fuels
(EWF). The products of both types of reactions are hydrophobic,
friable, and energy-rich fuels.

Results and Discussion
Chemistry. The chemistry of torrefaction is influenced by

many parameters, including: biomass composition; particle size;
processing temperature and time; heating rate; and gas
composition, pressure, and flow rate. In the temperature range of
220 C to 280 C, the major decomposition reactions concern
hemicellulose. Cellulose also can undergo similar polymer
restructuring. Cellulose and lignin also undergo depolymerization
reactions, but to a lesser degree.

Commercially available dynamic simulation software
(STELLA®, from High Performance Systems, Inc.) was employed
to model the reactions of biomass. The model contains modules
for hemicellulose, cellulose, lignin, and biomass. Here, we
discuss the hemicellulose module of the model (Figure 1).

REACTING HEMICELLULOSE

ACID REACTIONS

NATIVE
 HEMICELLULOSE

MAKE ACIDS

RADICAL REACTIONS

TORREFIED 
HEMICELLULOS

ACIDS

RELEASE WATER

DEPOLYMERIZE

WATER

Figure 1 .  Dynamic simulation model of hemicellulose
torrefaction.

The flow sheet shows stocks of hemicellulose, torrefied
hemicellulose, water, and acids. The pipes show the flow of
materials from starting material to products. The ‘wires” show
transfer of information.

During thermolysis, native hemicellulose is partly
depolymerized by hydrolysis and/or thermal chain scission to
provide “reacting hemicellulose”. This intermediate i s
decomposed by acid and radical reactions to yield many substances
(e.g., furfural) that recombine to form torrefied hemicellulose.
Water and acids are formed during the above reactions and are
released into the reaction environment (6). Some of this water may
be reused to depolymerize hemicellulose or to release acids from
the hemicellulose by hydrolysis of acetate groups. Acids can also
be formed by radical reactions.

The water and acids released by hemicellulose become
available to depolymerize cellulose and lignin. Wooten (7) and
Pastorova (8) have demonstrated that microcrystalline cellulose
can form “disordered pyrolytic cellulose” that is a 3-dimensional
polymer at about 270 C. If the cellulose is exposed to acids and
radicals that originate with hemicellulose, even more degradation
of cellulose would be expected. This disordered cellulose i s
thermostable and contains furan, aliphatic, and keto groups.
Evans, et.al. have shown that lignin releases some small phenolic
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fragments within the temperature range of torrefaction (9). There
also are opportunities for grafting of torrefied hemicellulose onto
cellulose and/or lignin. Thus, all of the lignocellulose polymers
can participate in torrefaction.

Process description. Because water can play a
significant role in torrefaction, the potential effects of added water
(in the form of superheated steam or saturated steam) merit
investigation. Figure 2 shows a generalized process schematic of
such a process.

Raw lignocellulosic biomass is predried to less than 10%
moisture using superheated steam (SHS). SHS has a much higher
heat capacity than does hot air or nitrogen. Steam also provides an
airless drying environment that reduces yield losses from
oxidation.

Figure 2. Enhanced Wood Fuels Production Process

Both batch and continuous reactors have been used to produce
torrefied wood. We prefer a continuous reactor using superheated
steam at atmospheric pressure to dry and torrefy the wood feed.
Torrefaction is, on balance, endothermic and releases water, acetic
acid, carbon dioxide, carbon monoxide, and other volatiles. This
local cooling effect needs to be counteracted. The reaction
temperature is closely monitored and controlled. To avoid
possible runaway exothermic conditions the torrefaction
temperature reaction will not be allowed to exceed 280 C.

Steam containing wood acids and other volatiles is vented
from the reactor continuously. This stream is condensed for
recovery of acids and combustible volatiles or for waste treatment
and disposal purposes.

The EWF is cooled to a safe unloading temperature. The
specific properties of the final EWF product may vary depending
on the cooling procedure because the hot EWF contains free
radicals (10).

EWF can be used in cofiring with coal in electric power
plants. Alternatively, EWF can be used in manufacturing fuel
pellets and briquettes. Densifying EWF will produce energy-rich,
transportable fuels with good properties for outdoor storage.

Cofiring with Coal at Power Plants .  Cofiring
involves substituting biomass fuels for a portion of coal in an
existing power plant furnace. This allows the energy in biomass
to be converted to electricity with the high efficiency (in the 33%
to 40% range) of a modern coal-fired power plant.  Table 3
presents examples of various levels of EWF cofiring.

Table 3.  Cofiring TW with Coal in PC Power Plants

EWF tonnes per year GWh/year Mwe @ 7000h

30,000 75 12

60,000 150 25

90,000 225 37

120,000 300 49

Compared to the coal it replaces, biomass reduces sulfur
dioxide (SO2), nitrogen oxides (NOx), and net greenhouse gas
emissions of CO2. 

Cofiring EWF is more attractive than using raw biomass such
as wood chips because EWF is friable and can be blended,
pulverized and co-fired with coal. The capital and operating costs
for separate biomass fuel feed and firing systems are avoided.  

Dens i f i ca t ion .  The mass density of EWF pellets is about
23kJ/Kg, compared with 19.3 kJ/Kg for conventional pine wood
pellets. Densification of EWF to a volume energy density of about
18 GJ/m3 can be attained by pelletization. Although this is less
than coal (29 GJ/m3), it is 20% higher than commercial wood
pellets. In addition, less than half as much electricity is consumed
making EWF pellets. A study for the Pellet Fuel Institute (11)
indicated that electricity costs are about $10/ton of wood pellet
product. These data are based on old experiments. There are
methods for increasing the energy value and reducing further the
energy costs of EWF pellets (12).

Densified EWF products have good prospects for use in pellet
stoves in residential and commercial heating markets. The size of
this market is more than 700,000 tons/year in the United States
(13). EWF also could be briquetted or used to make HeatLogs®
analogs. This segment of the domestic fuel market is larger than
the pellet market. The fireplace log market has special
requirements for sustained burning and flame quality because it i s
frequently a recreational fuel, rather than a utilitarian fuel.

C o n c l u s i o n s
Torrefaction provides fuels that are rich in energy, low in

moisture content, resistant to weathering, and easily pulverized or
densified. Although these are good features, we must also consider
the challenges that confront EWF developers.

The European pioneers in torrefaction have abandoned fuel
markets and modified the process so that they can focus on
furniture and construction markets. The first major chal lenge in
development of EWF is to find and develop viable fuel markets. An
example of a potentially viable opportunity is conversion of the
wood pellet industry into a torrefied wood pellet industry. This is a
matter of inserting torrefaction into an existing enterprise that
already has a raw material supply, predrying equipment, and
marketing channels. This is much cheaper than a “green field”
venture. Another example is the cofiring of EWF with coal to
improve environmental performance.

The thermal technology for torrefying biomass uses moderate
temperatures in the range of 220 C to 280 C. Traditional
torrefaction technology required many minutes for completion of
the reactions. However, slowness is not an inherent feature of
torrefaction. The major processing chal lenge  is to create
processes that reduce the processing time to a desirable degree.
The superheated steam torrefaction process discussed here may be a
successful example.

The chemical reaction mechanisms and kinetics that are at the
foundation of torrefaction are complex and not well understood.
The problems arise from the interaction of both acids and free
radicals with the polymers that comprise lignocellulose. The
major cha l l enges  here are to devise experiments that
distinguish acid-catalyzed reactions from radical reactions and to
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apply to torrefaction reactions some of the methods used in
elucidating radical reaction pathways in hydrocarbon cracking.
Modeling can help in thinking about the system, but usable
experimental data are essential for progress in this activity.
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Introduction
Lignin is a renewable resource whose complex structure,

chemical and thermal reactivity, and potential for use in a variety of
commercial products continues to draw considerable attention.1,2  Our
research has been focusing on the thermolysis mechanisms of model
compounds that represent structural elements in native lignins (e.g. β-
O-4 and α-O-4 aryl ether linkages)1a and in processed lignins (e.g.
diphenylmethane linkages from acidic or alkaline treatments in
pulping).1b,c

We studied in detail the pyrolysis mechanism of phenethyl
phenyl ether (PhCH2CH2OPh, PPE), the simplest model of the β-O-
4 aryl ether linkage, in the liquid and vapor phases at 330-445 °C.3
Two competitive free radical decay pathways were found to be
operative, including a significant rearrangement pathway involving an
O,C-phenyl shift in the PhCH2CH•OPh intermediate.  Recently,
mechanistic studies of methoxy-substituted PPEs, representative of
guaiacyl and syringyl units in lignin, have been conducted under high
temperature, short contact time conditions (500 °C, < 1 s) using the
flash vacuum pyrolysis (FVP) technique.4  These studies revealed a
rich variety of intramolecular transformations for intermediate
methoxy-substituted phenoxy radicals.  Currently, we are
investigating other important PPE structures, such as α-alcohols
PhCH(OH)CH2OPh,5 under FVP conditions.

Another aspect of our research has been investigation of the
impact of potential mass transport limitations on thermolysis
products, kinetics, and mechanisms through the use of silica-
immobilized model compounds for structures in coal and lignin.  This
has been accomplished through the use of model compounds
immobilized on the surface of silica nanoparticles via a Si-O-Caryl
linkage.  The results of extensive investigations into the pyrolysis
mechanisms of hydrocarbon models for structures in coals have been
recently reviewed.6  In this paper, we will summarize our current
understanding of the significant role that mass transfer limitations can
play in altering reaction pathways for lignin model compounds
compared with fluid phase behavior.  Initial results from current
studies, which focus on the detailed investigations of hydrogen
transfer steps under diffusional constraints, will also be presented.

Experimental
Preparation of Surface-Attached Materials.   Procedures for

the preparation of the surface-attached phenethyl phenyl ether,7
benzyl phenyl ether,8 diarylmethane,9 and 1,3-diphenylpropane10

models have been described.  In general, the precursor phenol was
adsorbed onto the dried (200 °C, 4h) surface of a fumed silica
(Cabosil M-5, Cabot Corp., 200 m2 g-1, ca. 4.5 SiOH nm-2 or 1.5
mmol SiOH g-1) by solvent evaporation from a benzene slurry.
Surface-attachment was performed in a sealed, evacuated (2 x 10-6

torr) Pyrex tube at 200-225 °C for 0.5-1.0 h in a fluidized sand bath.
Unattached phenol was removed by either sublimation at 225-270 °C
for 1 h under dynamic vacuum (5 x 10-3 torr), or Soxhlet extraction
with dry benzene.  Surface coverage analysis was performed on 150-
200 mg samples dissolved in 30 mL 1N NaOH overnight.  A phenol
such as 4-phenylphenol or 4-(2-phenylethyl)phenol in 1N NaOH
was added as an internal standard.  The solution was acidified with
HCl, and extracted with methylene chloride or diethyl ether (3 x 7
mL).  The combined organic layer was typically washed with water
(1 x 10 mL), dried over MgSO4, filtered, and the solvent removed
under reduced pressure.  Silylation with N,O-bis(trimethylsilyl)-
trifluoroacetamide (BSTFA) in pyridine (2.5 M, 0.30 mL) produced

the corresponding trimethylsilyl ether.  GC analysis was conducted
on a Hewlett Packard 5890 Series II gas chromatograph employing a J
& W Scientific 30 m x 0.25 mm DB-1 or DB-5 column and flame-
ionization detection.  Multiple assays provided surface coverages
with reproducibility of ± 2 %. Two-component surfaces were
prepared by co-attachment of the probe and spacer phenols in an
analogous manner.10

Pyrolysis Procedure.  The pyrolysis apparatus and procedure
have been described previously.6-10  In brief, a weighed amount of
sample (0.4-0.6 g) was placed in one end of a T-shaped Pyrex tube,
evacuated, and sealed at ca. 2 x 10-6 torr.  The sample was inserted
into a preheated temperature-controlled (± 1.0 °C) tube furnace, and
the other end placed in a liquid nitrogen bath.  The volatile products
collected in the trap were dissolved in acetone (0.1-0.3 mL) containing
internal standards and analyzed by GC and GC-MS.  Surface-
attached pyrolysis products were similarly analyzed after digestion
of the silica in aqueous base, addition of internal standards, and
silylation of the resulting phenols to the corresponding trimethylsilyl
ethers as described above for the surface coverage analysis.

Results and Discussion
Aryl Ethers.  Silica-immobilized phenethyl phenyl ether

(≈PhCH2CH2OPh, ≈PPE) and benzyl phenyl ether (≈PhOCH2Ph,
≈BPE) have been studied as models of the corresponding β-O-4 and
α-O-4 aryl ether linkages in lignin, where “≈” is used to denote the Si-
O-Caryl linkage to the silica surface.  Pyrolysis of ≈PPE at 375 °C
revealed that the free-radical chain decay mechanism observed earlier
for fluid-phase PPE remains operative on the surface.7  Selectivity in
formation of the two sets of products (Figure 1) arises from
formation of radicals at the α- and β- carbon sites (Figure 2).  This
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Figure 1.  Principal products from pyrolysis of surface-immobilized
PPE.
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Figure 2.  Radical chain propagation steps in pyrolysis of ≈PPE.

α/β-path selectivity was found to vary in a predictable manner with
changes in substitution on the PPE framework, and the rearrangement
path involving the O,C-phenyl shift remained significant in all cases.

However, in dramatic contrast to solution-phase behavior, where
dilution of PPE in biphenyl solvent had no impact on the α/β-
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spacer molecules (≈BP) caused a significant change in the product
selectivity.7  For example, the α/β-path selectivity for ≈PPE/≈BP
(1:10 mol ratio) increased 4-fold to a value of ca. 20 compared with
similar surface coverages of ≈PPE alone.  Similar results were found
when naphthalene was employed as the surface diluent, and the
selectivity change must be attributable to the restrictions on mass
transport.  Our current hypothesis, depicted in Figure 3, is that the
rigid aromatic spacer molecules introduce steric constraints that
hinder the O,C-phenyl shift for the β-carbon radical that is the critical
step in the rearrangement path.  The reduced rate

O

Figure 3. Steric constraints on O,C-phenyl shift on the silica surface
in the presence of aromatic spacer molecules.

for this step would permit interconversion of β- and α-radicals via
hydrogen transfer and result in larger values for the α/β-path
selectivity.  Interestingly, if a more flexible spacer molecule is
employed, such as diphenylmethane, the steric constraints on the
rearrangement path appear to be largely removed.  Clearly, an
improved understanding of the dynamics of molecular motion and
interactions on these dual component surfaces would be beneficial.
Studies employing steady-state and transient optical polarization
spectroscopy employing surface-immobilized fluorescent probe
molecules are currently underway.11

Benzyl phenyl ether linkages are much more reactive than PPE
linkages, and show significant thermal decomposition at temperatures
as low as 275 °C.  Our pyrolysis studies on ≈BPE revealed two
competitive free radical decay pathways that follow the initial
homolysis of the weak O-C bond that produces phenoxy and benzyl
radicals.8  The first is recombination of these radicals at phenoxy ring
carbons to form hydroxydiphenylmethane isomers (Figure 4).  This
path appears to be enhanced compared with BPE pyrolysis in fluid
phases as a consequence of the restrictions on  diffusion experienced
by the phenoxy radical.  The second path

O O

CH2+

CH2

O

CH2+

OH

CH2

Figure 4. Recombination of surface-bound phenoxy and vapor-phase
benzyl radicals to form hydroxydiphenylmethanes.

involves rearrangement of the intermediate ≈PhOCH•Ph radical,
formed from radical hydrogen abstraction, by an O,C-phenyl shift.
The rearranged radical then undergoes hydrogen abstraction to form
silica-immobilized benzhydrol or hydrogen loss to form
benzophenone (Figure 5). Interestingly, this rearrangement path had
not been previously detected in the pyrolysis of fluid-phase BPE, yet
under restricted diffusion conditions the selectivity for this
rearrangement path relative to the recombination path was 1.0 at high

O CH CH

O

- H

C
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+
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Figure 5. Rearrangement path for ≈BPE involving O,C-phenyl shift.

≈BPE surface coverages (0.24 mmol g-1), and 0.5 at low surface
coverages (0.084 mmol g-1).  This selectivity depended not only on
surface coverage but also on the structure of spacer molecules, which
can perturb both the hydrogen transfer step that forms ≈PhOCH•Ph
and the O,C-phenyl shift.  In the thermal processing of lignin, the aryl
ether rearrangement pathway for BPE- and PPE-based structures
generates ketone and aldehyde products that have potential
commercial value.  Increasingly improved knowledge of the
fundamental pathways for their formation, and the pyrolysis
conditions that increase or decrease their selectivity, could be
important in development of advanced processes for recovering these
valuable aromatic chemicals.

Diphenylmethanes.  We showed above that thermal
transformation of a model for the α-O-4 aryl ether in lignin (≈BPE)
generates diphenylmethane linkages (Figure 4).  Moreover, lignins
modified by acidic or basic treatments as in pulping processes
generates condensed structures containing diphenylmethane-type

CHR1O

CH3O OCH3R2O

CH2

CH3O R1O OCH3R2O

Figure 6.  Examples of diphenylmethane-type condensed units in
acid or base modified lignins.1b

linkages as illustrated in Figure 6.1b-d  Thermochemical processing of
these materials have the potential for PAH formation through
cyclodehydrogenation reactions that form fluorene-based structures.
We have been studying recently the potential for such PAH
formation in the pyrolysis of simple diarylmethanes such as the
silica-immobilized diphenylmethane (≈DPM) shown in Figure 7.9
At 400-425 °C, ≈DPM undergoes slow pyrolysis to form the
products shown by a free radical pathway that is accelerated

CH3+ + +

CH 3+

32.2 % 12.5 % 10.0 % 12.0 %

14.7 %

+ +

6.2 % 3.6 % 3.3 %

425 oC

(1)

(2) (3)

+

Figure 7.   Pyrolysis of silica-immobilized diphenylmethane.
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significantly in the presence of free radical sources.  The
cyclodehydrogenation process to form fluorene (1) is indeed observed
to be important, and could occur at much lower temperatures for the
highly substituted diphenylmethane structures found in lignin (Figure
6).  Interestingly, the presence of a co-attached hydrogen donor
molecule (tetralin) decreased the cyclodehydrogenation reaction
(fluorene yield reduced 2.3-fold) but did not eliminate it.  In contrast,
fluorene formation has not been reported in fluid phase pyrolysis of
DPM in the presence of tetralin or other hydrogen donors.  One
significant surprise was the formation of the triphenylmethanes, 2
and 3, which have not been reported in the pyrolysis of DPM in fluid
phases.  The formation of these products resulted from a radical
substitution process (Figure 8) promoted by the restricted mass
transport on the surface.  Radical substitution reactions resulting in
diattached products such as 3 are representative of retrogressive
cross-linking reactions that yield more refractory linkages.  Similar
cyclization and substitution reactions have been observed for other
diarylmethanes,9 although the product selectivity was found to
depend on molecular orientation as well as the structure of spacer
molecules.

Si

Si O

O

Si

Si O

O

Si

Si O

O

Figure 8.  Radical displacement path leading to triphenylmethane
formation.

Oriented Hydrogen Transfer.  Our current research is
addressing the question of whether molecular orientation can play a
role in the rates of hydrogen transfer under diffusional constraints
during thermochemical processing of fossil and renewable fuels.
Efficient utilization of native hydrogen, or added hydrogen from
donors, is critical in the thermochemical processing of these hydrogen
deficient resources.  Our earlier studies employed two component
surfaces with 1,3-diphenylpropane (DPP) as a probe molecule,10 a
structural linkage which is also found in processed lignins.1c

Pyrolysis of DPP in fluid phases occurs at reasonable rates at 375 °C
by a free radical chain reaction to cleanly produce toluene and
styrene.12, 13  This decomposition also occurred readily under surface-
immobilized conditions, but the overall rate was extremely sensitive
to the rate of the key hydrogen transfer propagation step on the
surface.10  The

≈PhCH2•   +   ≈Ph(CH2)3Ph  →  ≈PhCH3   +   ≈PhCH•CH2CH2Ph

hydrogen transfer was found to be very sensitive to the spatial
separation of these species on the surface.  Remarkably, we found
that the presence of intervening spacer molecules that possess
reactive benzylic C-H bonds can result in significant rate accelerations
compared with ≈DPP surfaces containing aromatic spacers such as
biphenyl and naphthalene.  The rate acceleration was found to results

from a novel hydrogen transfer, radical relay process that is illustrated
in Figure 9 for a ≈DPM spacer.

CH3

CH2

CH2

H

CH2

CH2

CH2

Figure 9.  Hydrogen transfer, radical relay pathway.

This pathway was confirmed by deuterium labeling studies, and from
correlation of the pyrolysis rate with the reported rates for hydrogen
abstraction by benzylic radicals from the hydrogen donating spacer
molecules employed.

We are now examining this hydrogen transfer pathway in more
detail through the use of spacer molecules that have different
orientations with respect to their attachment to the surface as
illustrated in Figure 10 for the fluorene spacer.
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H

Si

Si O
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H
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Figure 10.  ≈DPP/≈2-FL and ≈DPP/≈3-FL surfaces synthesized to
probe orientation effects of spacers on ≈DPP pyrolysis kinetics.

The synthesis of the 2-hydroxyfluorene precursor has been
previously described.10  We have now synthesized the 3-
hydroxyfluorene precursor by a multi-step route that will be reported
elsewhere.  The ≈DPP samples shown in Figure 10 have now been
prepared with a ≈DPP surface coverage of ca. 0.08 mmol g-1 and the
remaining available surface area containing the respective fluorene
spacers.  Initial pyrolysis results at 375 °C indicate that the
≈DPP/≈3-FL pyrolysis rate is a factor of ca. 2.7 slower than the
pyrolysis rate for ≈DPP/≈2-FL.  This rate decrease suggests that the
fluorene spacer having benzylic hydrogens in a para-orientation with
respect to the surface linkage is less effective at participating in the
hydrogen transfer, radical relay process than the fluorene spacer
having a meta-orientation.  These preliminary findings are now being
explored in more detail, and will be extended to other hydroaromatic
spacers.

Conclusions
Pyrolysis studies of silica-immobilized model compounds for

structures in lignins are providing new molecular level insights into
the potential impact of restricted mass transport on reaction
pathways.  In particular, radical rearrangement, cyclization, and
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hydrogen abstraction pathways are sensitive to the structure,
orientation, and spatial separation of molecules under diffusional
constraints.  For aryl ether models, radical rearrangement pathways
give rise to new aromatic ketone and aldehyde functional groups that
may have commercial value.  On the other hand, thermochemical
processing of lignins containing diphenylmethane-type linkages can
lead to the unwanted formation of PAHs through
cyclodehydrogenation reactions.  An improved understanding of the
role of restricted mass transport, steric effects of neighboring
structures, kinetics of hydrogen transfer, etc. will be important for
future progress in the thermochemical processing of lignin.
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Introduction 

Recent studies have attempted to rationalize a global 
pyrolysis mechanism for cellulose pyrolysis. 1, 2, 3  However, these 
mechanisms are based on the observation of stable species many 
seconds into the pyrolysis event.  The observation and validation 
of the reactive intermediates generated in the first second or less 
of pyrolysis should enable a better understanding of the kinetics 
of the processes involved to be developed.  The neutral species 
formed during this short time scale of reaction have been 
extensively studied by molecular beam mass spectroscopy, 
MBMS, from tube furnace pyrolysis of volatilized cellulose at 
increasing temperatures corresponding to primary pyrolysis and 
to secondary and tertiary cracking products. 4, 5  The subsequent 
pyrolysis of cellulosic chars formed at different temperatures has 
also been studied 6 leading to the conclusion that these are 
predominantly aromatic at temperatures above 310°C.  

Infrared laser heating of biomass samples allows very rapid 
temperature ramps to be achieved.  Rapid heating in this way 
with a carbon dioxide laser has been used to both volatilize 
organic samples and for the generation of reactive intermediates 
for subsequent analysis.7, 8 

In this paper, we describe the identification by MBMS of 
both radical and molecular reactive intermediates as well as stable 
end products from the carbon dioxide laser pyrolysis of cellulose 
and charred cellulose at the site of irradiation.  The temperature 
profiles of the cellulose char surface during laser pyrolysis have 
been characterized by both experiment and modeling.  In general, 
only the surface of the solid is heated and the assumption is made 
that the off-gassed volatiles are not further heated.  We are, 
therefore, able to determine the nature of the char from MBMS 
as well as the important intermediate radicals produced during 
rapid heating events. 
 
Experimental 

All manipulations of char and laser pyrolysis experiments 
were performed under an inert atmosphere of helium, nitrogen or 
argon as explained below.   

Avicel cellulose (Analtech), propargyl chloride (Aldrich) and 
50% 1,5-hexadiyne in pentane (Alfa Aesar) were used as received 
without further purification.  The cellulose was pelletized. Pellets 
were charred in a quartz tube furnace, the temperature of which 
was ramped from ambient to 375ºC over 5 min, as measured by a 
thermocouple at the side of the pellet, in a flow of argon at 
1.41cm s-1 for times up to 3 h.  The pellets were then transferred 
to a sample post inside the MBMS combustion chamber such that 
the outside of the sample disc touched the nickel nozzle inlet of 
the MBMS. 

The unpolarized 10.6 µm CO2 laser radiation (Synrad, 65W 
Duo-Lase) was directed into the MBMS combustion chamber 
through an optical train giving a relatively large spot size of ca. 2 
mm.  In a typical experiment, a mass range 0 - 450 amu, was 
collected in two overlapping 250 amu segments at a scan rate of 
0.5 s scan-1.  10 background spectra were collected before 

irradiating the sample, for 3 s with laser radiation fluxes from 
3.25 W to 13 W (5% to 20% of full power).  The data reported 
are the average of at least 10 such experiments, the pellet being 
rotated between each, over at least two pellets. From these 
experiments, the error in the relative intensities is +/- 10%, data 
falling outside this range was rejected.  Arbitrary intensity scales 
are presented throughout the paper as many factors, such as 
vacuum stage pressures, nozzle condition etc, independent of the 
laser pyrolysis experiment influence the absolute intensities 
obtained.  In some experiments, the pellet was rotated 
continuously while being irradiated; again the data reported are 
the average from more than one pellet.  
 
Results and Discussion 

Figure 1 shows the laser pyrolyzed mass spectra of cellulose 
and cellulose charred at 375°C for various times, at 0.5s of a low 
powered laser pulse.  All of the major products observed in 
Figure 1 for uncharred cellulose fall into the class of primary 
products of cellulose pyrolysis, that is, no secondary cracking in 
the gas phase is observed.  We can therefore deduce that under 
these conditions, the products observed in this experiment using 
cellulose char, discussed below, are volatilized from the surface 
with no major contributions from gas phase cracking, due to the 
poor coupling of the infrared radiation with low concentrations of 
gas phase species. 
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Figure 1. Mass Spectra of Avicel and 375°Ccharred Avicel at 0.5 
s of a 3 s 10% laser power pulse.. 

After 10 min of charring, we begin to see peaks in the mass 
spectrum that we assign to polyaromatic hydrocarbons or their 
radicals, M-1.Some carbohydrate is present in this mass 
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spectrum.  This is likely tar that has not yet left the char matrix, 
as irradiating at 13 W laser power for 0.5 – 1.0 s , an average 
temperature ca. 400ºC higher than at 6.5 W, gives a mass 
spectrum with no m/z 60 or 73.  At the higher laser power, all 
residual tar is flashed off. 

From 14 min to 1 h of charring, the mass spectra obtained 
from the short time low power laser pyrolysis of char are all 
similar in that we observe predominantly PAH and little 
carbohydrate, Figure 1.  The dominant masses larger than 77 can 
all be assigned to aromatic, PAH, or PAH radical species.  The 
major trend observed with charring time is the molecular weight 
growth of the ions assigned to PAH and PAH radicals observed 
above m/z 202. 

The analysis of trends involving the lower molecular weight 
fragment is a little harder to discern as many of these ions are 
also present in the mass spectrum of carbohydrate.  Nevertheless, 
it is apparent that at early charring times the lower mass aromatic 
species, between m/z, 77 and 189 grow in and become constant 
after the intermittent charring times of 20 min.  At this early time, 
0.5 –1.0 s, of the laser pulse the low molecular weight region of 
the spectrum is dominated by masses, m/z 29, 39 and 43.  After a 
further second of irradiating, 1.5- 2.0  s, the dominant low 
molecular weight peaks are m/z 28, 39 and 44, data not shown.  
The maximum PAH we have observed in any of these 
experiments is m/z 376.  After 3 h of charring the ions assigned 
to PAH larger than m/z 202 again diminish, but as stated earlier 
the smaller aromatic hydrocarbons maintain constant relative 
intensity, Figure 1. 

We are observing the fragmentation of PAH moieties from 
the char surface by laser pyrolysis.  These PAH molecules would 
not form in the gas phase except at very much higher 
temperatures (because bimolecular reactions will be slow) than 
we can achieve with our laser under these conditions. 

It appears that the depolymerization and decomposition of 
the cellulose chain first produces smaller PAH up to a molecular 
weight of 202.  These smaller PAH fragments then anneal into 
larger PAH as the charring process continues. The M-1 species 
are presumed to be the radicals produced during the laser 
pyrolysis event.  

PAH typically give mass spectra with a dominating 
molecular ion. However, several of the masses correspond to M-
1 ions and we believe that we are observing these PAH as 
radicals. Laser pyrolysis at 6.5 W, of char produces 
predominantly phenyl, 77, benzyl, 91, indenyl, 115, C13H9, 165, 
C17H11, 189 and C19H11, 239 radicals, M-1 rather than their 
parents, M, benzene, toluene, indene etc.  Naphthalene, 128, 
acenapthylene, 152, pyrene, 202, C18H10, 226, C20H12, 252 and 
higher molecular weight species appear as the molecular species.  
This implies that the larger PAH are rapidly stabilized shortly 
after the ablation process and that the smaller aromatic and PAH 
molecules are released as reactive radicals, with the exception of 
naphthalene, m/z 128. 

The conclusion is that we are observing the molecular 
weight growth of the PAH moieties in the solid bulk with time as 
the cellulose is charred as has been observed previously.  As the 
cellulose is charred for progressively longer times the PAH 
anneals into larger and larger PAH moieties that are cleaved from 
the char surface during the laser pyrolysis event.  After 3 h of 
charring the PAH moieties have begun to anneal into intractable 
graphite like entities that cannot be cleaved by the laser, so we 
see a marked cut off of PAH above m/z 202 from the more 
mature cellulose char.  

The largest peaks in the low mass region of the mass 
spectrum for charring times of 14 minutes to 1 h are m/z 18, 29, 
39 and 43.  Mass 18 is water and mass 39 corresponds to a 
common fragment ion, the cyclopropenyl cation, as well as an 
important PAH precursor, the propargyl radical.  The mass 
spectra of medium to large PAH give a large peak corresponding 
to a molecular ion with very little fragmentation.  This is not true 
of the smaller aromatic species, e.g. benzene has a m/z fragment 
11% the intensity of its molecular ion.  In order to begin to assign 
the peak at m/z 39 to either a fragment ion or as the propargyl 
radical we created a synthetic mass spectrum.  Using the 16 most 
prominent peaks from mass 77 and above in the MBMS data of 
cellulose charred for 1 h at 375°C, Figure 1, we assigned each to 
a likely PAH molecule or molecules, using the parent neutral 
molecule for the PAH that appeared as radicals.  The results 
showed that m/z 39, 51 and 63 are under represented in the 
synthetic spectrum.  These ions are either fragment ions of 
compounds, whose molecular ions are under the threshold of the 
experimental data or ions produced by ionization of radicals 
formed from laser pyrolysis, such as propargyl.  It is more 
plausible that a large proportion of the m/z 39 peak comes from 
the propargyl radical.  Further evidence that the peak at m/z 39 is 
a radical comes from the fact that it is still present in an 
experiment in which the ionization potential of the mass 
spectrometer’s ionizer was reduced to 13 eV, a level below the 
ionization potential of benzene.   

Interestingly the peak at m/z 43 is also present in the low 
ionization potential experiment.  The peaks at m/z 29 and 43 are 
commonly present in mass spectra as fragment ions of carbonyl 
compounds, such as acetaldehyde and hydroxyacetone.  
However, the mass spectra of these cellulose chars show little if 
any evidence of carbonyl compounds.  We, therefore, assign the 
peaks at m/z 43 to the formylmethyl radical and m/z 29 to a 
fragment ion.  

13C NMR analysis reveals a loss in intensity of the aromatic 
carbons as well as a smaller loss in intensity of the methyl peak 
upon laser irradiation.  Interestingly there is little change in the 
intensity of the oxygen substituted aromatic carbons.  This is 
either because the oxygenated PAH are intractable or that the 
irradiated, active char, which has lost its Ar-O moieties, form an 
equivalent amount of oxygenated PAH on exposure to air.  These 
observations are consistent with our MBMS data where 
hydrocarbon PAH are the major species detected, with few 
contributions from oxygen substituted species.  Presumably, the 
oxygenated aromatic species become intractable during the 
charring. 13C NMR also shows that the number of carbons 
attached to hydroxyl increases dramatically and there is a slight 
increase in the number of carbonyl groups in the irradiated char.  
In keeping with our model of bond cleavage from the char 
surface, we would expect laser pyrolysis to generate an extremely 
active char.  As these chars were exposed to air for some time 
before the NMR measurements were performed it is assumed that 
atmospheric, water and oxygen have quenched the radical ends to 
form hydroxyl and carboxyl functionalities.  It should be noted 
that a large proportion of the char is probably not molecular and 
is presumably graphitic in nature.  
 
Conclusions 

We propose that charred cellulose has a network of small, 
up to molecular weight 202, PAH fragments between aliphatic 
hydroxyl linkages.  When such a moiety is irradiated, 
formylmethyl radical is produced with either a PAH radical, as 
shown here, or a PAH neutral and a surface radical end.  Upon 
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further charring, water is lost to give PAH moieties separated by 
olefinic linkages.  When these moieties are irradiated, propargyl 
radical is liberated with again either a PAH radical or a surface 
radical end.  On still more severe charring, the olefinic linkages 
become incorporated into the PAH.  Both the hydroxy methyl 
and propargyl radical forming pathways postulated to occur 
during laser heating, probably occur in the maturing char, 
although more slowly to give the PAH, larger than molecular 
weight 202, in the solid bulk. 
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Introduction 

The effect of inorganic salts on the pyrolysis of cellulose has 
been extensively studied.1  It is well known that the presence of 
inorganic salts can: lower the primary pyrolysis temperature, increase 
the char yield by accelerating decomposition reactions, increase or 
decrease the rate of oxidation of the aromatic component of the char, 
and increase or decrease the heat released from the oxidation of char 
to CO2.  Although a wealth of information exists, relatively little is 
known about the effect of inorganic salts on the low temperature 
formation of polycyclic aromatic hydrocarbons (PAHs).  

In an effort to explore the effect of the main indigineous cations 
found in biomass on the formation of PAHs we have investigated the 
effect of Na, K, and Ca on the formation of PAHs from cellulose. 
Cellulose samples loaded with varying weight percentages of sodium, 
potassium, and calcium were pyrolyzed at temperatures up to 600 oC.  
The major components of the cellulose tars were characterized using 
gas chromatography – mass spectroscopy (GC-MS).  The effect of 
mono- and divalent cations on the aromaticity of chars formed at 300 
oC was studied using nuclear magnetic resonance spectroscopy 
(NMR).  Although the absolute yields of PAHs at temperatures up to 
600 oC may not be significant relative to the higher yields of PAHs 
formed at elevated temperatures, their formation and yields are 
deemed important during the smoldering combustion of biomass 
materials. 
 
Experimental 

A schematic of the experimental setup is given in Fig. 1.  The 
experimental apparatus consisted of a quartz tube placed inside a 
heated zone.  The zone had an internal diameter of 2.5 cm and an 
isothermal length of ca. 7 cm.  Helium was used as the carrier gas at a 
flow rate of 120 cm3/min.  A Cambridge pad placed in a special 
assembly immediately at the end of the zone was used to collect the 
product tar condensate.  The temperature of the sample in the heated 
zone was measured using a chromel/alumel (K type) thermocouple.  
The thermocouple was also used to transport the quartz boat, 
containing the cellulose samples, to and from the heated zone. 

Materials.  The cellulose sample was obtained from FMC 
Corporation, and the inorganic salts were obtained from Acros and 
Aldrich.  The cellulose is a microcrystalline purified and 
depolymerized α-cellulose derived from fibrous plants (Avicel PH-
102).  Cellulose samples with 0.1, 1, and 5% w/w of NaCl, KCl, 
CH3COOK, and CaCl2, respectively, were prepared by dissolving the 
desired amount of the salt in water and then adding 2.5 g of cellulose 
powder to the aqueous salt solution.  Samples were stirred for 4 hours 
and then placed in an oven at 45 oC for 12 hours.  A mortar and pestle 
was used to grind the samples into a fine powder.  A cellulose sample 
that under went the same procedure was used as the control.   

Experimental Procedure.  A 500 mg sample was placed in the 
quartz boat that initially rested in an unheated section of the tube 
before the heated zone (see Fig. 1).  The Cambridge pad assembly 
was placed on the exit side of the furnace and the exit line was 
maintained at ~250 oC to minimize any condensation of the product 
tar prior to reaching the pad.  After the furnace had reached the 

respective set temperature, the sample was pushed to a pre-
determined location in the furnace and pyrolyzed for 10 minutes.  
The Cambridge pad was removed, placed in an amber screw capped 
vial, and the washings from the cambridge pad assembly walls added 
to the vial.  A total solvent level of 5 ml of methanol was used and 
the vial was left to stir overnight. The residence time of gas phase 
pyrolysis products in the isothermal section of the reactor was 
calculated to be approximately 4 s at a furnace temperature of 600 oC.  
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Figure 1. Schematic diagram of apparatus setup 
 

The product condensates were analyzed by GC-MS using a HP 
6890 GC equipped with a HP 5973 quadrupole MSD analyzer in the 
scanning mode.  14 PAH were studied that consisted of two to six 
condensed aromatic rings.  The experimental error in PAH yield 
measurements varied between 10 to 30%.  It should be realized that 
PAH constituted only a small fraction of the product which was a 
complex mixture of mostly oxygenated organic compounds.  Besides 
the PAH mentioned above, the tar also contained other PAH, mainly 
methyl substituted PAH that were not considered in the analysis of 
this study. 

Cross-polarized magic angle spinning (CPMAS) 13C nuclear 
magnetic resonance (NMR) was used to characterize cellulose chars 
formed at 300 oC.  Elemental analysis (EA) of cellulose chars was 
carried out by Galbraith Laboratories, Inc., Knoxville, TN, USA.  
The NMR and EA data are not reported here. 
 
Results and Discussion 

Varying the cation loading from 0.1 to 5% w/w increased the 
amount of char formed and decreased the overall weight loss of 
cellulose samples.  The weight loss data for cellulose samples loaded 
with 5% w/w of NaCl, KCl, CH3COOK, and CaCl2 is given in Table 
1.  Char yields are expressed on an ash free basis.  All cation loaded 
cellulose samples gave higher char yields and lower tar yields with 
respect to the control.  The Na loaded cellulose sample experienced 
the highest weight loss of the cation loaded samples.  The KCl and 
CH3COOK cellulose samples experienced very similar weight losses, 
while the Ca loaded cellulose sample experienced the lowest weight 
loss.   

The constituents of the product tar condensate derived from the 
control and cation loaded samples were characterized using GC-MS.  
The yield of levoglucosan was significantly affected by the presence 
of cations on the cellulose matrix, decreasing as the cation 
concentration increased.  The above weight loss and levoglucosan 
yield data is consistent with what has been reported in the literature. 1   

PAH yields were higher from the cation loaded samples 
compared to the control.  PAH yields were calculated on a µg/g of 
sample and on a µg/g of char basis.  The yields of PAH formed from 
the cation loaded cellulose samples were found to increase with an 
increase in cation loading.  Na and K loaded cellulose samples gave 
similar PAH yields.  When PAH yields were expressed on a µg/g of 
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char basis the control and the cation loaded samples gave very similar 
yields of PAHs. 

 
Table 1.  Weight Loss of Cation Loaded Cellulose Samples 

 
                  Zone I Temperature at 600 oC 
aMaterial    bChar   cTar dTotal Wgt. Loss 
   (mg)  (mg)  
Cellulose    36  252  93% 
Cell. + NaCl   59  210  84% 
Cell. + KCl    69  210   81% 
Cell. + CH3COOK    71  191  81% 
Cell. + CaCl2   94  183  76%    
 
a = 500 mg sample pyrolyzed 
b = Amount of char formed after 10 min at 600 oC in zone I 

calculated on an ash free basis 
c = Amount of tar collected after 10 min at 600 oC in zone I 
d = Percent weight lost from sample after 10 min at 600oC in zone I 
 

A comparison of PAH yields formed from the pyrolysis of Na, 
K, and Ca loaded cellulose samples is given in Fig. 2(a).  PAH yields 
are expressed on a µg/g of sample basis.  All three cation loaded 
samples gave higher PAH yields compared to the cellulose control.  
The yields of most 2 to 3 ring PAH are very similar for all three 
cation loaded samples.  The yields of 4 ring PAH are lower for the Ca 
loaded cellulose sample with respect to the other samples.  PAH 
yields were also calculated on a µg/g of char basis as shown in Fig. 
2(b).  The yields of PAHs from the control and Na and K loaded 
samples are very similar while the yields of 3 and 4 ring PAH are 
lower for the Ca loaded sample.   
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Figure 2(a).  PAH yields for the pyrolysis of cation loaded cellulose 
samples at 600 oC.  PAH yields expressed on a µg/g of sample basis. 
 

It is well known that the presence of inorganic salts can increase 
the char yield.  If PAH formation at low temperatures is attributable 
to precursors formed in the solid char matrix over the 400 to 600 oC 
temperature range,2,3 then one might expect an increase in PAH 
yields as the char yield increases.  This assumption appears to hold 
true for the Na and K loaded samples.  Although the Ca loaded 
samples gave the highest char yields, the lower yields of 3 and 4 ring 

PAH may indicate a higher degree of cross-linking in this char 
relative to the other samples. 
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 Figure 2(b).  PAH yields for the pyrolysis of cation loaded cellulose 
samples at 600 oC.  PAH yields expressed on a µg/g of char basis. 
 
Conclusions 

The addition of Na, K, and Ca inorganic salts to cellulose 
increases char yields and decreases tars yields.  The yields of primary 
decomposition products were significantly affected.  Increasing the 
cation loading decreases the yields of levoglucosan and increases the 
yield of char formed.  PAH yields increased with an increase in 
cation concentration when yields were expressed on a µg/g of sample 
basis.  The yields of PAHs formed were generally very similar when 
the yields were normalized on a µg/g of char basis.  PAH yields from 
the control and from the Na and K loaded cellulose samples were 
very similar while lower yields of 3 to 4 ring PAH were formed from 
Ca loaded samples and this may be attributable to a more highly 
cross-linked char.  Anion effects were also observed: changing the 
anion from Cl- to CH3COO- for K loaded samples significantly 
lowers levoglucosan yields and increases the amount of naphthalene 
and fluorene formed. 
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Introduction   

The formation of aromatics from biomass pyrolysis by gas phase 
cracking of the primary products has been well documented.1-3   Since 
biopolymers may undergo solid-phase chemical transformations 
during devolatilization, minor amounts of aromatics may be formed 
directly from this altered solid phase. Recently, Hajaligol et al4 
reported the direct formation of aromatics from preformed, 
biopolymer chars heated to 400 - 600 oC.  Even if minor compared to 
the bulk volatile product slate, these aromatics may be significant 
when compared to the gas phase sources of aromatics under biomass 
conversion systems such as a fluid bed gasifier. 

We report here methodology and results showing this effect 
directly from biopolymers.    Two-stage pyrolysis was used to show 
the effect of composition and thermal history on the products evolving 
from the solid phase.  Cellulose and pectin were used as model 
biopolymers and as a matrix to which other model compounds were 
added. The samples were heated in two stages:   T1 = 350 oC, for 7 
minutes, T2 = 700 oC, for an additional 5 minutes. Molecular Beam 
Mass Spectrometry (MBMS) was used to observe the evolution of 
volatile products.   
 
Experimental 

The reactor shown in Figure 1 was used to first expose the 
sample to low-temperature (T1) pyrolysis conditions in flowing 
Helium for seven minutes where some of the sample weight was lost 
as volatile products.  The remaining material is then slid into a hotter 
region of the furnace (T2) where a second devolatilization event is 
observed.     

 
Figure 1.  The pyrolysis reactor for variable-temperature pyrolysis 
studies.  The sample is slid to a position and held at the low target 
temperature (T1) then slid further into the reactor to expose the sample 
to a subsequent high reaction temperature (T2). 
 

A 50:50 mixture of pectin and cellulose was used as the base-
case starting material, or matrix.  The pectin was from Acros Organics 
Inc. and the cellulose was from Sigma Chemical Inc.  We selected a 
sample of cellulose that gave a full range of pyrolysis products, 
including levoglucosan and hydroxyacetaldehyde, which is more 
representative of the product distribution found in biomass than a 
highly purified sample, such as Avicel1.  A higher char yield is also 

obtained from this cellulose, which means that a reasonable sample of 
char persists for further evaluation at a higher temperature.  A 250 mg 
sample of the matrix was used resulting in a solid phase after the T1 
treatment of ~50 mg.  To study the condensed-phase reactions of 
other materials, mixtures with the matrix were made at a 10% level of 
additive and the resulting products compared to those derived from 
the matrix alone.  This approach is necessary since some materials of 
interest will simply evaporate when studied as a neat sample in this 
fashion. However, when in the presence of the matrix, these volatile 
materials may undergo solid-forming reactions as the vapors or 
thermal reaction products interact with the charring matrix material 
and hence approximate what happens in biomaterials with complex 
cell wall structures.  

Molecular Beam Mass Spectrometry.  The study of pyrolysis 
by MBMS has been fully described previously.1 The hot gases exiting 
the reactor are expanded through an orifice on the apex of a sampling 
cone into the stage one vacuum at 40 mtorr. The pressure difference is 
sufficient for free-jet expansion, which quenches the products and 
allows the full range of products, including light gases, high-
molecular-weight compounds, and reactive products, to be 
simultaneously sampled and analyzed. A molecular beam, collimated 
through a second expansion, enters an ion source, where 
approximately 25 eV electron impact ionization is used to form ions 
that are analyzed by a quadrupole mass filter. 

  Multivariate Data Analysis.  Factor analysis was used to 
identify subspectra of the time-resolved mass spectra collected during 
T2.  Two subspectra were identified using the methods of Windig et 
al.5 and fractional concentrations were calculated for each spectra. 

 
Results and Discussion 

During exposure of the sample to low-temperature (T1) pyrolysis 
conditions for seven minutes some of the sample weight was lost as 
volatile products.  The remaining material is then quickly ramped up 
to high temperature (T2) where a second devolatilization event is 
observed typically resulting in a total of 75% weight loss from both 
stages.  Volatiles continued to evolve from the remaining 25% char 
during a maturation phase with no clearly defined end point.  A typical 
experiment is shown in Figure 2. 

Figure 2.   Time-resolved behavior of pectin/cellulose in a two-
temperature pyrolysis experiment.  The sample is slid to the position 
for T1 (350 oC) and held for 7 minutes. Product evolution occurs at 
this low temperature but is not of interest for this experiment.  The 
remaning solid is then slid to the position for T2 (700 oC) and held 
until product evolution stops.   

Experiments were performed to evaluate the yield of char from 
neat pectin and cellulose at typical settings of T1 and T2.  The char 
yields for the pectin were higher that for the cellulose sample.  The 
residue yield at T1=350 oC is 30% for both pectin and cellulose with 
no significant effect of time at T1 (5 vs 10 minutes).  There is no 
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evidence that these residues have been converted to a thermally stable 
form.  The point of this experiment is to put the material through a 
treatment of appropriate severity to make an assessment of potential 
impact of short thermal pretreatments on aromatic hydrocarbon 
formation.  This timeframe and solid matrix also permits an 
assessment of potential reactions between the evolving solid structure 
and other substances of interest that are added and compared to the 
matrix alone.  The residue yields at T2 from 700 to 800 oC were 
independent of both the T1 and T2 temperatures that were studied and 
consistently around 20% for pectin and 10% for cellulose. We 
conclude that the low temperature treatment is insufficient to 
influence the amount of fixed carbon that will result from the high 
temperature treatment, but the chemical nature of that material may 
still be influenced by this treatment.  We conclude that the parameters 
of this experiment are not critical to the observations of product 
formation from char and therefore are more likely to be relevant to a 
wide range of conditions where chars form.  The main purpose of the 
low temperature treatment is to allow prompt chemical modifications 
of the material and reactions between co-reactants prior to higher 
severity pyrolysis 

The devolatilization product composition at T2 is predominantly 
primary products like what is observed at T1.  To separate the primary 
products evolving from the remaining unaltered starting material and 
that which is evolving from the thermally altered matrix material, 
time-resolved factor analysis of the T2 mass spectra was performed.  
This series of mass spectra were subjected to self-modeling factor 
analysis and resulted in two distinct subspectra.  The resolution of the 
T2 curve into these two profiles is shown in Figure 3. 
 

Figure 3.   Time-resolved factor analysis of the T2 evolution profile 
(TIC) showing evolution curves for the two subspectra shown in 
Figures 4 and 5.  
 

Component Spectrum 1, shown in Figure 4, is a mixture of 
monoaromatics (m/z 78, benzene; m/z 92, toluene; m/z 106 xylenes), 
phenols (m/z 94, phenol; m/z 108, cresol; m/z 122, methylcresol), 
furans (m/z 67, 82 methyl furan), along with CO (m/z 28) and CO2 
(m/z 44).  Polynuclear aromatic hydrocarbons were not detected in 
this experiment, but higher aromatics, such as naphthalene, were seen 
in other experiments, especially after the major evolution of T2 
products is finished.   

Component spectrum 2, shown in Figure 5, is a typical 
carbohydrate primary pyrolysis product.  The evolution profiles 
(Figure 3) of the two component spectra over the T2 event are 
different with the primary products(component 2) reaching a 
maximum earlier.  The aromatic/phenols continue to evolve and reach 
a maximum after the primaries are finished. 
  
 
 

Figure 4.   Component spectrum 1 in the time-resolved factor analysis 
of data in Figure 3.  

Figure 5.   Component spectrum 2 in the time-resolved factor analysis 
of data in Figure 3.  
 

Effect of Additives. Other biomaterials were tested by adding to 
the pectin/cellulose matrix and subjected to the same two temperature 
heating sequence.  The following showed an enhancement of the yield 
of the aromatic/phenolic group: lignin, chlorogenic acid, rutin, proline 
and linolenic acid. It was surprising that lignin did not show a more 
significant enhancement.  A possible explanation is the lignin addition 
leads to a more thermally stable residue that does not release low 
molecular weight volatiles.   

 
Conclusions 
In summary, two sub-spectra were evident during high severity 
pyrolysis of biopolymer samples that had been thermally pretreated: 
the primary pyrolysis products that also evolved at T1 and a later 
evolving group of products that includes phenols and aromatics.  
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